Design and characterisation of a
parallel miniaturised bioreactor
system for mammalian cell culture

A thesis submitted to University College London for the degree of
Doctor of Engineering

By

Omar Al-Ramadhani MEng

m better chemistry - faster

The Advanced Centre HEL Group

for Biochemical Engineering 9-10 CapitalBusiness
Department of Biochemical Park

Engineering Manor Way
University College London Borehamwood
Torrington Place Hertfordshire
London WD6 1GW

WC1E 7JE UK

UK



ABSTRACT

Optimisation of a mammalian cedulture process requires the testing of many
process parameters. High yielding processes can result in reduced da¢cioes
bringing the producto market quicker and increasimganufacturing capacity.
To reduce the cost and duration of process optimisad novelminiaturised
stirred bioreactor systefiVIBR), the BioXploreE , a prototype of a emmercial
MBR system initiallydeveloped for microbial fermentatiomns describedhere
The systemenables the operation of16, 500 mL,independently controlled
bioreactors in parallel. Each bioreactor is a scale down modal labscale
stirred tankbioreactor(STR) and constructefdlom the same materials. Agitation
of the bioreactor can be via a magnetically driveblade marine impeller or a
directly driven 3 blade marinenpeller. Aeration can be achieved through a
variety of sparger designs directly into the culture via the headspacat a
maximum flow rate of 200 minin. A detaied characterisation of the ke
engineering parameters has been conducted focusimpwer input andhe
power to volume ratiaqP/V), mixing time and theoverall volumetric mass
transfer coefficientk_a). Successfuscale comparisostudieswere conducted to
5L scale using constanf\Pand mixing time, employing an industrially relevant
GS-CHO cell lineproducing an IgG antibodylhe growth kinetics ahproduct
titres compared favourablyn both systems when conducting {fedtch
Oper atmyinntse. MBR was 0.024h* and the maximum viable cell
concentrationwas 10.4x 10° cells/mL while in the5L STR €maxWas 0.020n*
and the mximum viable cell concentratiomas 9.8 x10 viable cells/mL. The
product titresvere also very similar in both tiBR (1.07g/L) and the5L STR
(1.05 g/L). It has also been shown that i8R can conductontinuous feeding
using builtin peristaltic pumps, maintaining the glucose comegion in the
culture at approximatel2.0 g/L after initiation of feeding. Th&#BR described
here potentially provides a valuabl@and effective tool for process optimisation

and is capable of performing complex feeding strategies.
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Chapter 1: |l ntroducti on

1.1 The growing demand for mammalian cell culture
products

Mammalian cell bioprocesses predominantly produce proteins that are defined as
recombinant proteins, monoclonal antibodies (MABs) and nucleic-lmsdd
products, with MABs assuming the majority of the market share (Butler 2005).
These dugs are often used to treat cancer and other major illnesses like
rheumatoid arthritis and crohns disease, but have a low potency (Farid, 2006) and

hence require a relatively high dosage (>100 mg).

MABs attractedexcitement when they were first developech t he | at e
because companies could produce MABs againgtantigen by fusing together
murinelymphocytes andimmortal myeloma cedl to formhybridoma (Yoshinari

et al 1995) The first MAB, OKT3 (Muromonab) an immunosuppressant for
reduction ofacute rejection in heart and liver transplants, was approved by the
FDA in 1986 Hookset al, 199). MABs had many early uses particularly in
diagnostic assays and medical diagnosis. Unfortunatbir early use as
therapeutics was disppinting becauseof their immunogenicity Recently
however, more humanlike MABs have been developed with many humanized
MABs coming onto the market (Butler, 2005) and over a 100 now in clinical
trials, indicating that there is a renewed excitement about MABs potential

therapeutic uses (Kretzmer, 2002).

1.1.1 Bright future for MABs

In 2006 the gbbal sales of MAB#it $20.6 billion and it was predictadat the
market wouldgrow by around20% a year (Pavioand Belsey2005) and was
predictedto over double by 2010 (Browresmd AFRubeaj 2007).This prediction
has been well justified with the globRIAB market estimated to be worth $43
billion in 2010 Enline reference)l These encouraginsfatisticshave resulted
partly from the commerciaation of many humanized MABs but also because of
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the efficiency in the biomanufacture of these products (Butler, 2005).
Therapeutic antibodies also enjoy an above average approval succes2#te of
for chimeric antibodies and 26 for humanized antibodseonce theyreach
clinical testing,compared to only 2% for small molecules (Carte006). The
future looks bright for the MAB market because of the almost endless

applicatons and functions MABs can fulfil

1.1.2 Genericg bhiosimilars

An advantage #i MABs offer is that they will face less competition from
generics manufacturers. This is mainly due to the complexity of the biological
product and also because of the time consuming and difficult nature of process
development and optimisation. The costgprocess devefament in themselves

will prove inhibitory as it is estimated that it will cost around $100 million to
manufacture follonon MABS. It is also likely that gaining FDA approval will be
far from straight forward and will be more bespoke tioe product.The EU
Directive 2001/83/EC, as amended, stated tiadtere a biological medicinal
productwhich is similar to a reference biological product, does not meet the
conditions in the definition of genericnedicinal productsthe results of
approprate preclinical tests or clinical trials relating to these conditiomsst be

pr ov i(Zlirdgd @and Calvg 2010. This all makes the development of novel
MABs more attractive as there is added regulatory protection from generics
producerswhich could exend the commercial life of the product beyond that
provided by the patent.

1.1.3 Global manufacturing capacity

With so many products in the pipeline there has been a growing concern
regarding the available large scale capacity to produce them. Figushdws
the number of products and their Kg capacity demand over the last twenty years.
Since the year 200Q@here has been a sudden increase in the demand for extra Kg
capacity mainly due to the highelinical doses required diumanized MAB
products. Ths sudden increase in demand has resulted in a worldwide shortage
of bioreactor capacity and hence contract manufacturing organiséGos)

have been enjoying an upsurge in business (Bu#805). There has been
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significantinvestment in increasing capty, especially byCMOs however any
increases in capacityequirementcan be offset by increasing cell line
productivity (Butler, 2005). In order to do thes close examination of the current
methods of cell screening and preseoptimisation are reqeid, as well as
highlightng areas that can be improved to deliver more efficient and

consequently more cost effective processes.

Figure 11: A graph showing the demand for manufacturing apacity of
MABs and the cumulative product approvals from 19862006 The arrow
represents the time whem substantial increase in biomanufacturing capacity
came odine to meet demanfaken from Butler, 2005)

1.2 The current method of process development

1.2.1 Cell Ine selection

Effective ell line selection is an essentt of bioprocess development with a
high performing cell line beingey to an efficient process (Butler, 2005). Ideally,
the cell line should exhibit good growth kinetics and productivity, pceda

product of high quality and maintain stability over many generationd (o).
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Currently, cell line selection ia long and labour intensive procgg&etts and
Baganz 2006)(refer to Fig.1.2 and 1.3)One of the main reasons for this is that
upon transfection many clones are produced and the majority of them are low
producing. Hencego isolate the few high producing cell lineslarge number of

cell lines have to be screenathf Boklandet al 2006).

After the cell suspension has beeansfected with the gene vector, the cells are
grown in microwell plates (MWPs), where initial cell growth and productivity is
assessed. MWPs are used initially as they are a high throughput system, which
facilitates the culture and evaluation of 1000s rehsfectants. Unfortunately
because of t he ,MWPverg limhead daia can thee genegted
about acell lineGs growth kinetics and productivityThis is primarily because
conventionaMWPs lack the operational and analytical instrumentatiequired

to control and monitor cell cuires in a similar way to largecale bioreactors
(LSBs). Currentlythere is no sophisticated high throughput system that can act

as an accurate predictive model for LSBs.

After the microwell stage, cell lines exiing the best growth and productivity
progress to the following stage, where they are assessed in slightly larger and
more sophisticated bioreactors. As the scale of bioreactor increases, the number
of cell lines that can be evaluated diminishes, whes$uls in an elimination
process osuboptimal cell lines. This process of increasing scale and reducing
cell lines continues until the ladrale bioreactor stage whevaly severalcell

linesare evaluated

The early stages of cell line screening ckso @rove to be inaccurate predictions
of a cel l hce rine I&EBs. This 1isf becaussmall scale, high
throughput bioreactors, amechanically very different and lack the levels of
control and monitoring capabilities found in LSBs. Hencell lines that are
eliminated early onmay in fact prove to be very good performers in LSBs and
will be lost from the screening press. It has been reported Byrch et al
(2005) that the final product concentration or cell specific productivity obtained
in lab-scale bioreactors are often 0.8.2 fold the values obtained in shake flask

assessment, however there are exceptions. In this case whenecsévines
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were evaluated, fasix of them the shake flask evaluation was a good predictive

model, however foone cell line it was a poor predictive model. For this cell line,

the labscale bioreactor value for antibody concentration was almost 2 fold that
found in the shake flask model . I f many
then a more reliab)eredctive model is requiredtherwise a situation can arise

where a significant number of swiptimal cell lines are being evaluated in the

final lab-scale bioreactor stage and potentially optimal cell lines are eliminated

early in the selection process. Theuse of a more accurate, parallel, high
throughput system will ensure that optimal cell lines are not eliminated during
earlystage evaluation and hene@l provide a wider variety ofood performers

to selectfrom.

Figure 1.2:A typical process for developing a mammalian cell lingtaken
from Lai et al, 2013)
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Figure1.3: Typical stages and times involved in cell line selectigaken from
Birch et al, 200k

1.2.2Process optimisation

When developing éermentation procesghe media and feed optimisation along
with defining critical process parametessich as dissolved oxygen tension
(DOT), temperature, COand pH,represent a&hallengng and time consuming
procesqGe et al,2006). Media and feed comgiions are extremely complex

and hence optimising these along with the critical process parameters requires
hundreds and possibly thousands of experiments, fitvgever, is not currently
feasible due to practical and economic tations. These factorsave led to
CMOs develging generic processes that are suitabletler majority of cell

lines but being optimal for very few.

Initial process optimisation is often carried out in shake flasks where tens of
experimental parameters can be tested. Taggerimentsare thertransferred to
lab-scale bioreactors which are scale down models of LSBs. Unfortunately,
because of the cost and labour intensity of running bioreactor experiments there
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is almost always a compromise made on the number of experimedts a

subsequenjuantity of data.

1. This limits the combinations of process parameters that can be éested
as a result can lead to saptimal processes being developed @el
2006).

2. Due to the limitation in the number djioreactors there can be a
compromise on the number of replicates uggdeach combination of
experimental parametetd/ithout an adequate number of replicates there
can be doubts about the reproducibility and accuracy of the experimental

results.

Companies often find themselvesamilemma when deciding on how much time

and resource to invest in process optimisation. Any improvements to the process

wi || generally reduce the cost of ma n u f
competitive marketscompanies want to deliver their prorts to market as

quickly as possible to maximise the length of their patents.

1.3 Current high throughput systems

As mentioned before a high throughput system is required to screen and evaluate
a large number of early transfectants and to conpratess optimisation. The

two most predominant bioreactor systems that are currently employed are
microtitre plates (MTPs) oMWPs and shake flaskdue totheir small scales

and ease of handlinthey have an inherent high throughput capability

1.3.1Shake fasks

Shake flasks represent the most basic and widely used bioreactors in research and
development and one of th@rincipaladvantages is ease of handling. They have
been in use for the last fifty years and are a cheap and easy to use opti®n (Be
and Baganz2006). As the name suggesdtsey are merely flasks, often made of
glass (hydrophilic or hydrophobic) or plastic with a plug to seal the vessel. The

plug can be merely cotton wool or sealed screw caps, depending on the level of
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sterility required. Conventional shake flasks have no monitoring and control
capabilitiesandare mechanically very different to stirred tank biorea(8¥FR)
systems They lack a direcagitaton mechanismlike an impeller for example,
which altersthe dynamics of mss transfer and mixing.

They are housed in incubators that control temperature, can provide agitation in
the case of shaken incubators (orbital or linear) and if necessaryprovide

some gaseous exchange. Culture aeration has been one of themtaiiofis of

this technology as there is no sparger to provide gas into the culture. There are
two main strategies of gassing the culture. In the case of a closed cap, the culture
has to be manually gassed. If a vented cap is used and the incubator has the
ability to control gas content, then gaseous exchange can take place. The main
limiting factor however, lies in the surface area to volume ratio of the culture and
SO to increase gas exchange a larger surface area to volume ratio is often used.
There hasbeen work in developing more sophisticated shake flask systems.
Baffles have been utilised to improve mass trangfgpecially if there is a need

for high oxygen transfer (Buclet al 2000). The use of a sterile online device to
measure oxygen transfeate has &o been reported (Anderlei and Buchs, 2001
along with a respiration activity monitoring system (RAMOS) (Andeeteal

2004). This instrumentation requires dedicated hardwelteeh makes handling

more difficult and hence reduces the sysieigh throughput capability.

1.3.2Microtitre /Microwell plates

MTPs and MWPshave been used asseful toos in bioprocess development
mainly due to their inherent high throughput capability. When handling adherent
cell lines the plates are merely housedistatic incubatorbut when handling
suspension adapted cell lindgse plates are most often housed on rotating, heated
blocks capable of controlling temperature. Traditiondlyere has been little to

no instrumentation to monitor and control condigon the wells, butecently
significant progresshas beenmade. They dohowever suffer from several

disadvantages:
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1. Reproducibility can be difficult with inconsistencies between wells in
different positions on the same plate.

2. Small culture volumes limithe size and number of samples that can be
taken. This can be overcome by using sacrificial wells, but again the problem
with reproducibility remains.

3. Evaporation of fluid from the culturean significantly increase culture
osmolality There have been tampts to limit this, by using breathable
membranegbut this can havaegativeeffects on oxygen transfer.

4. Relatively low oxygen transfenainly because they are shaken systems and
rely on surface aeration.

5. The volumetric mass transfer coefficient @bed in shaken MW§is often
10 fold lower than that seen in conventional scale fermenters éRaj2006
and Bettsand Baganz2009

Recently there has be@nogress in developing instrumentation that can monitor

and control certain processing paraens, as well as introducing magnetic

stirrersto improve mixing Plate readers have been developed although they can

often only measure 1 or 2 parameters (Reigl 2006) Elmahdi et al(2003)

reported the use of a pH probe in a 7 mL microwell systeansi et a{2009),

reported the use of a MTP reader capable of monitoring pH and dissolved

oxygen based on the use of immobilised fluorophores at the bottom of standard

24we | | MTPOG s . This technology all owed fc
during shakingrather than having to stop shaking to take a reading. Microbial

growth can be monitored in MTPs using a spectrometer using turbidimetric

analysis but only upo cell densities of 0:B.3 g/L(WeusterBotz et al,2005).

Silk et al (2009)reported the se of feeding strategies in 24 standard round well
pl at es, usi ng a c¢commer toallaw gasyexchayeaandl ab |l e 06
minimise evaporation. To counteract the evaporation that did oagoropriate

dilution of the bolus feedsas carried outot maintain culture volume

Wen et al (2012)eported the use of a 24WP with a variety of different static
mixer configurations thamproved agitation and aeration and gas permeable lids

that reducel evaporation.They also evaluated the effects oingssquare and
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round well plates. Cell proliferation was measured by using the TECAN
GENiosPrd" microplate readerThey reportedthat by optimising thestatic
mixer, more consistent cell cultureould be achieved witlittle well to well
variation andreduced cell aggregatiorFinally, scale comparison cultivations
were carried out using CHO cells that showed good similarity to cultures grown
in 100 mL shake flasksut no data was presented comparing performance to

lab-scale bioreactors

Chen et al (208) conducted an extensive study on the microbioreactor system
(Micro 24), a 24 microwell systemwhich provides norrinvasive online
monitoring and control for DO, pH and temperatureFedbatch sale
comparison studies were carried out that showed fgobd reproducibility with

a 2L bioreactor;however foaming was a major issue. To combat the excessive
foaming surface aeratiomas usedantifoam was added and DOT control was
disabled. Due to the excessive foaming the researchers were not able to
demorstrate simultaneous control of both D@nd pH over the whole course of

a 12day fedbatch culture.Foaming did still take place after these measures

were taken and resulted in some variation amongst the wells.

1.4 Disposable bioreactors

The wavebadype disposable bioreactor was introduced 999 by Vijay Singh

and provided a fairly versatile platform technolpgy it has been used for media
storage, seed inocula awdll culture The bags come pi&erilised anccan be
mounted onto a platform th& rocks the bag producing waves in the culture
which provides mixing. They have been shown to support high cell density
cultures (> 10 cells/mL) and have been utilised iprocess optimisation in the
research and developmesgtting at volumes as low aslOL and in large scale

manufacturing500 L) (online reference two
Single use cell bag bioreactors have also been devetogidnto stainless steel

containers that resemble the shape of conventional stainless steel vessels. T

can be fitted withpitched blade impellers or magnetically stirred impellers to
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provide similar agitation conditions to conventional bioreactors (Agrawal and
Bal, 2012). Although these systems are not currently high throughput, they do
offer a disposable alternative to cemtional stainless steel reactors and have the

potential to be developed further.

1.5 Miniature stirred tank bioreactors

Miniature stirred tank bioreactordVIBRs) are simply scale down models of
larger STRsat volumes anywhere between aroune300 ml(Bettsand Baganz
2006). They have similar monitoring and control capabilities as they can control
pH, DOT and émperature and have a diresechanical stirrer and gas sparger.
Like lab-scale bioreactors they are made of borosilicate glass or polycabonat
with a top heaglate made of stainless steal, polycarbonate or
polyetheretherketone. The hepldte is often big enough to allow for the
insertion of temperature, pH aDT probes (Kumaet al 2004). Theyhave the
potential ability to accommodate tddtch regimes, which are an important
process optimisation strategy (Betimd Baganz 2006). They can also be
designed to the same aspect ratios@Bs, which aids in process scalg.

15.1 Mechanical similarities

MBRs are mechanically similar to comt@nal bioreactors and employ very
similar forms of agitation and aeration and hence can allow for accurate
reproducibility of the fundamental engineering parameters found within
conventional bioreactors (Kumat al 2004), volumetric mass transfer ratexl
mixing times for example (Betend Baganz2006).

15.2 Volumes

The culture volumes supported by MBRs provide a good compromise between
those volumes used in microtitre plates (MTPs) and in lab/large scale bioreactors.
MTPs utilise small culture yomes and thus benefit from cost savings and small

foot prints. Unfortunately they also present many operating challenges, such as,

evaporation, which has an amplified effect for slow growing cultures. Small
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volumes restrict the number and volume of sasghat can be taken for analysis
and hence are only suitable for mi@palytical methods (Kumast al 2004).
MBRs can process culture volumes which are small enough to allow for high
throughput parallel operation whilst providing enough culture volume fo

frequent sampling.

1.5.3 Instrumentation

One of the limitations of small scale reactor systems is the lack of
instrumentation to conduct dme monitoring. There has been considerable
progress in developing this technology and MBRs can now conshumonitor

and control temperature, pH and dissolved oxygen (Kwhal 2004). Lamping

et al (2003) reported the use of an incorporated-fifptec probe able to monitor
dissolved oxygen (DO) and pH. Optical sensors have gained popularity due to
their low cost, norAntrusive manner and their ease in adapting to miniaturised
systems (Geet al 2006). The use of a novel optical density probe which allows
for online estimation of biomass growth kinetics has also been rep@sitdt

al, 200§. This is ofgreat benefit as it reduces the need for daily sampling fer off
line estimation of biomass, which helps to maintain culture volume. It also
reduces the amount of labour required to conduct manual or automatédeoff

cell counts.

1.5.4 Examples of nniature bioreactor systems

Soley et al (2012)reported the development and use of a disposable 6
minibioreactor systenfrefer to Fig. 1.4) The system is comprised of a fixed
platform that contains the instrumentation, sensors and actuators and alulespos
part which is a set of 6 single use minibioreactor vessels with a working volume
of 10-15 mL each. The vessels are agitated by a magnetically induced stirring
pendulum and are aerated warface aeratianThe other interesting feature of

the systemwas the use of two optical probes, one that could measure total cell
density and pH and the other that could measure DOT. The group were able to
grow hybridoma cells in paralleht different conditionsbut did not provide any
scale comparison data.
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Figure 14: Photo of a mnibioreactor plate housing 6 minibioreactors(taken
from Soley et g12012)

TAP Biosystemshave developed a high throughput advanced microscale
bioreactor system (amBf) for cell line developmentising either 24 1048
bioreactors with a working volume of 4GB mL. The bioreactors are
mechanically similar to convention&8TRsand have a pitched blade impeller to
provide agitation and direct sparging capability. They also have the ability to
monitor and control pH ahDOT by using sensors and a fluorescence reader in
the base. The amBt also comes with an automated workstation that is capable
of &6 cl| 6cordrd of prbamgp D@ with independent control of and CQ

for each vesselt providesautomated liquid hadling for reactor setip, feedand
base additioras well as automated sampling. It can be installddrmnar flow
hoods allowing aseptic operation and optional integrated cell viability analysis
(online reference thr¢eRecent scale comparison studtes/e been reported by
Hsu et al (2012)which show fairly good similarity between the aftband a 2L
STR, however the ambBt was only sampled @e in the first 7 days (on day 3)
and at this point theiable cell concentration\VCC) wasconsistently fabelow

that producedh the 2L STR.
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Table 1.1 summarises the technical specifications of the HEL BioXptbrer
system along with 4 other high throughput, parallel bioreactor systems. The table
includes a minbioreactor system produced by DASGIP, the Migdoproduced

by Pall, the Multifors 2 system produced by INFORS HT, the ambf*25@&

larger version of the amBf and the HEL BioXploret system. All information

in the table has been taken from technical specification documents for the

respectivesystasf r om t he companiesd websites
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15.5 The idealMBR system

The ideal solution would b& system capable ohigh throughput parallel
operation that could monitor and controd range of physical variables
(temperatur e, pH and DOT etcé) and all ow
process factors like medium and feed composition. The system would have to be
designed with scaleability in mind and allowr faccurate scalap to lab and
possibly pilot and manufacturing scale. If this is not the ,dhs@ any work done

in the high throughput system is unrelights there is no guarantee that the
growth kinetics and productivity will be reproduced at large scale. Historically
there has often been a comprontigween throughput and the size and variety

of information obtainable from each experiment (G al 200§. These
limitations have been due to either small culture volumes or reduced monitoring
capabilities due to a l&acof appropriate sensing equipmefMaharbiz et al

2004).

1.6 Cell line process characteristics

The cell line employed in a process plays a central role in bioreactor design and
subsequent process development and optimisation. Mammalian cell lines are
particularly difficult to culture because of many reasons. Tal@dists some of
the main characteristics of a modern Chinese Hamster i) cell line

process.
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Table 12: A summary of the major process considerations for current CHO cell
line processes

Mammalian cell culture characteristics

Particularly shear sensitivdye to dackof an

Shear sensitivity outer cell wall), but not as sensitive as originally
thought
Media The industry standard is to usemplexchemically

defined animal component free media

Fedbatch cultures oftelastover15 days.
Growth kinetics Maximum viable cell concentrations often reach
above 10cell/ml

Some companies claim their processas
Productivity consistently produce 5 gA10 g/L(Lim et al,
2010)

The two most common are the GS system and

Selectable gene marker:
DHFR

Mammalian cell culture processes are patrticularl
Sterility prone to contamination and hence good aseptic
technique is requed when culturing

Very human likedue toaccurate post translational

Product quality i
glycosylation

Although mammalian cells are notoriously difficult to culture they remain the
cell line of choice for the production of MABs and recombinant protewen
though they are less productive than other cell lines. This is mainly due to their
ability to add glycans to synthesised proteins (glycosylation) in a human like
manner (Butler, 2005). Their ability to closely mimic the glycosylation patterns
of human proteins ensures that the proteins they produce have the required levels
of efficacy.
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Mammalian cells are particularly shear sensitive as they lack an outer cell wall,
which poses many engineering limitations. Excessive shear stresses, which result
from agitation and aeration can cause cell membrane rupturing and cell death.
The cel |l 6s $inntetherinteasdyof ;gitdtion\andtagratiotihat can

be operatedwhich makes achieving high mass transfere difficult (Motobu

etal. 1998.

1.6.1 CHO cells

CHO cells were one of the first hosts to be used for stable gene transfer because
of the availability of metabolic CHO mutants deficient in dihydrofolate reductase
(DHFR) activity (De Jesus and Wuyr@011). Two critical developments in
geneic engineering facilitied the wide use of these celtepse developments
were the molecular cloning of genes into plasmid DNA and the chemically
mediated delivery of those plasmids into cultured mammalian cells. The first
CHO derived cell lines includetthose that produced recombinant interferons and
tissue type plasminogen activator (tPA) (Hacker et al 2009). Ir6, 188A
produced in CHO cells became the first FDA approved recombinant therapeutic
protein. Genentech produced tPA by large scale mammadlboutture inLSBS

a technology that was adapted from those reactors used for bacterial culture.
There has not been a major shift in the principle bioreactor technology used for
mammalian cell culture over the last 25 years, with large s8aRsstill the

most common technology. However, culture performance has increased
dramatically over the same perjadainly due to improved media compositions

and the introduction of sophisticated feeding strategedsr to Fig. 1.5)
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Figure 1.5 Final fed-batch process titres as a function of the year imhich
the process was developedaken from Markusen and Robins@®10)

Tablel3 Process performance from early proc
modern processes.

Early processes Modern processes
Culture duration (days) 7 Over 15
Maximum viable cell
concentration (x 10cells/ml) 1-2 Over 15
Cell specific productivity 10-20 50-100
(pg/cell/day)
Over 5 is now
Product yields (g/L) 0.050.1 common (Li et al
2010)
16.2 GSCHO

GS-CHO cell lines benefit from having a gene expression system that makes use
of selection via glutamine metabolism and powerful viral promotehgtamine
is an essential amino acid for CHO cell culture and is important for the synthesis

of purine, pyrimdine and amino sugars and also provides a carbon source for the
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tricarboxylic acid cycle (Lim et al2010). Glutamine is synthesised from
glutamate and ammonia by the enzyme glutamine synthetase (GS). Mouse
myeloma cell lines do not produce enough endogenous GS and hence must be
supplied with glutamine in the external environment in order to survived Wil
type CHO cells do produce enough endogenous GS to survive and hence do not
require additional glutamine in the media. A GS inhibitor can be used, namely
methionine sulphoximine (MSX) to inhibit the endogenous GS so that only the
cells that have been swessfully transfected with the product vegtehich also

has the G®nzyme gene will survive.lie cells that are successfully transfected
can grow in glutamine free media with MSX because they produce enough GS to

synthesise glutamine (Verng2004).

1.7 Scale-up

1.7.1 Introductio n

The large demand for therapeutic proteins from mammalian cells has resulted in
many manufacturers utilising very large bioreactors (up to 20,000 L has been
reported). With process optimisation taking place atssledde thisnakes accurate
scaleup a critcally important step. If scalap is not successftihe repercussions

can be very serious, with adverse effemtsthe economic performance of the
process and owperational stability. Scalingp biochemical processean be

complicateddue to the presence of innately complex biological entities.

As mentioned before the growth kinetics, productivity anddpct quality
obtained with scaledown experimets have to be mimicked in largeale,
otherwise there is no guarantee tthaptimised process conditions will be

maintained.

The aim of scalaip is to maintain certain critical conditions so that the

performance of the cells are not greatly affectdtbse include:
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DOT

Dissolved carbon dioxide
pH

Temperature

Shear forces

o gk wbdPE

Nutrient concentrations

The above can be affected by any one of these factors:

1. Mixing
2. Oxygen transfer

3. Shear forces

1.7.2 Mixing

Mixing can be defined as achieving homogeneity and mixing time as the time
taken to achieve homogeneiiMixing time can bedeterminedoy measuring the
response to the introduction of a measurable entity (example, acid or base
addition) (Varleyand Birch 1999) and 95% afixing time equates to the time
taken for the concentration to reach 95% of its final value. Mixing has a direct

effect on mass and heat transfer, which are two key thermodynamic parameters.

Poor mixing can result in:

pH gradients
Temperature gradients
Compartmaetalisation
Nutrient gradients

a bk~ 0N PE

Poor parameter control

Mixing should be optimised so that a homogenous environment is produced
within the reactor. Otherwise the cells will travel through a variety of
environments within the reactor, which can have adveffexts on the ceib

growth kinetics and productivity. Mixing times should also be minimised so that
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responses to any changes in operating conditions like temperature and pH can be

as fast as possible.

Transferproperties depend highly on agitator des@sd operation as this is what
creates the majay of mixing. So, when scalingp it is impatant to highlight

the transfemproperty that is most critical to the performance of the bioprocess.
This task is made harder by the fact that mammalian cellgaatieularly fragile

and have very complex nutritional requirements. Mixing has become an
increasingly crucial parameter in designing a mammalian cell process. Due to
improved cell growth kinetics and more complex media and feed additions there

is a potetial for increased concentration gradients of gasses, nutrients and pH.

Gasses must be well dispersed as a lplah concentration of toxic gasses (like
CO,) can harmcells and this is particularly important if G& used to control

pH. The deprivatio of oxygen can also harm the cells especially when high cell
numbers are reached in the late exponential to stationary growth phase (Varley
and Birch 1999).

1.7.3 Oxygen transfer
The equation for oxygen transfer is:
OTR=Ka(C*-C) 11

K_a= overall mass transfer coefficieftt” or se¢")
C* = equilibrium oxygen concentration (mg/L)

C. = concentration of dissolved gamsliquid (mg/L)
Oxygen transfer can be effected by;
The headpacepressure in the vessel

The hydrostatic pressure
Mediacoalescence

P w NP

Bubble size
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The constant volumetric oxygen mass transfer coefficean often be the
magnitude that is kept constan scaleup and involves oxygeinansfer from gas
bubbles to the cells. This is because in aerobic processes oxygen traribéer

cells isoften a limiting factor high cell densiggrowth.

1.7.4 Shear

Shear stress is a force that acts on and parallel to a surface or body. Excessive
shear stress can have adverse effects on cells and can cause damage @ the cell
membrane andhence result in cell death. Shear can have nahgr dfects
however onfluid mixing, cell suspension, mass transfer, product formation and
cell growth (Varleyand Birch 1999). Shear is an important factor in mammalian

cell culture processes as mamraalcells are particularly shear sensitive as they

do not have a protective outer cell wall.

The main causes of shear are due to aeration and agitation:

1. Agitation

Impellers in a stirred tank reactor provide the majority of agitation and hence
mixing. In order to achieve a good level of mixing the culture must be adequately
agitated to provide turbulent flow regimes. The theory is that cell death in cell
suspensiorcan occurwhen Kolmogoroveddy sizesapproach the size of the
cells. However, it has beeound that cells grown in the absence of sparging
were able to withstand much higher levels of agitation than those grown in the
presence of sparging. This would suggest that the method of aeration plays an
important role in shear damage (Nienow, 2006).

2. Aeration
Aerationis a very important factor and plays a key roledeterminingthe levels

of shear. Shear forces can be caused by bubble rising, bubble generation and

bubble burstingwith the latter two being the most important. It was found in
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work done by Chalmers (19%4hat hybridoma cells could withstand agitation
speeds of up to 450 rpm with no cell damage when ngpairgingwas present,

but with airspargingpresent, cell damage did occur. It has also been fchatd t
the size of bubbles has adfect with smaller bubbles causing greater cell
damage (Nienow, 2006) This can also be understood from the following

equation:
ep =D, 4 0 4

& p= excess Laplace pressure ()m
8 = surf@amé tension
D, = bubble size (m)

If the bubble size decreast#®e excess pressure increasekich increases the
speed of recoil of the bubble lip and hence increases the shear force on the cell.
There have been ways to protect the cells to a certain degree. Tokausen

ionic surfactantPluronic F68 has been shown to be effective in reducing cell
damage. One theory behind this is that Pluroni68Fprevents cells from
attaching to bubbles and hence protects them from the bursting effect. Another
way of protectig cells is to ensure that there is as little foaming as possible. This
is because the bursting of bubbles is the most likely cause of cell damage and
with a high buid-up of foam there will inevitably be a largeimberof bursting
bubbles.Foaming can beeduced by making antifoam additions to the culture,
however antifoam can diminish mass transfer, make downstream processing
more complicated and have an adverse effect on some medium components
(Varley and Birch,1999 Nienow, 2006). In conclusioithe sleareffects on the

cells appeato be a combination of both aeration and agitation.

1.7.5 Scaleup methods

There are many methods that can be used to performigzale
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1. Rules of thumb

Generally when using rules of thumb a constant value of a particular operating
variable is used and geometric similarity is implicitly assumed. The Varihat

is chosen to base scale on differs and depends on the procasdis usually

the one that is the mtdetermining regime at lab and production scale.dBo f
example, for an aerobic, fdshtch process the most critical variable would be

mass transfer.

Table 1.4 The effects on other parameters when one parameter is kept constant
on scaleup.

Scale upcriterion P PV N D Re
Equal P/V 10° 1 0.22 2.15 215
Equal N 10° 107 1 107 107
Equal tip speed 107 0.1 0.1 1 10
Equal Re 0.1 10 0.01 0.1 1

P = Power, V= Volume, N = Impeller speed,;> Impeller diameter, Re =
StirrerReynolds number
(Adaptedfrom Jenkins et al1992

2. Dimensional analysis

This method is commonly used in scale of chemical processes. Dimensionless
groups of parameters for exampleokie number (Frand Renolds number

(Re) can be obtained from the dimensionless momentum, mass and heat
balances, as well as their boundary and initial conditions in the dimensionless

form.
This technique is driven by the need for dimensionless consistency and the

constraints this places on thenctional relationship between variables. It allows

for the groupng of a number of variables in a problem to form dimensionless
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groups. Dimensionless numbers are quotients between two fundamental

properties for example:

Re = 1.3

3. Regime analysis

This method is used in first scaling down a large scale bioreactor in order to
design a lakscale bioreactor. After this the process tam be optimised at lab
scale and then transferred togescale. The approadaonsists of determining if
there is a rateontrolling mechanism, what it is and if it will change on segle

If the rate is controlled by more than one process, then &éxists a mixed rate
controlling mechanisnfrefer to Fig. 1.6)

regime Large scale irati

analysis g application

simulation N Umi?’lﬁz_atinn
Lab scale maodelling

Figure 1.6:An illustration of the stages involved in regime analysi$Adapted
from Asenjo and Merchukl994.

1.7.6 Potential problems on scalaup

1.7.6.1 Shear

As scaleincreases the impeller tip speed has to increase to maintain a similar
level of mixing, thus increasing the impeller shear forces on the cells. This is
because there is an increase in both macro and micro turbulence (&iadey
Birch, 1999).
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1.7.6.2 Mixing

Generally in larger scale bioreactors it is more difficult to achieve homogeneity
(mixing) (Nienow, 2006)andto maintain the same level of mixing on seafg

the agitationrate has to increase. Bioreactor developers have been reluctant to
increase agitationate because of the perceived shear damage this will have on
the cells. However, it has been found that mammalian cells are not as shear
sensitive as originally thought andrcwithstand higher agitation rates. With this

in mind, the use of higher agitation rates may be utilised to reduce the difference

in mixing.
1.7.6.3Mass transfer

Mass transfer is generallyeduced by up to half on scal@ from pilot to
production sca reactors. To overcome this, the use of oxygen enrichment, better
mixing and increased sparge flow are all options. Better mixing and increased
sparge flow would often involve increased agitation and aetatubich can
increase the shear effects on c@ifarks, 2003). It has been found in maSBs

that the shear force released by bursting bubbles is at least an order of magnitude
greater than mixing induced shear forces. Heagrinimum aeration rate should

be adopted with increased mass transfer dedid by an increase iagitation

rate

1.8 Project aims

This studyaimsto evaluate the potential of the HBioXplorerE MBR system

to carry outrapid process developmépptimisationof advancednammalian cell
culture processesThe studywas underpimed by a detailedengineering
characterisatiorof the MBR system andhat of a5L STR The engineering
characterisation involved the determination of core engineering parameters such
as power input, mixing time and the volumetric mass transfer coeffizsewell

as the hydrodynamic conditions in the MBigstem
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This data was compared with that of a 5L STR and was used as basis to evaluate
the scaleup potential of the MBR systerifthis work involved comparison of cell
growth kinetics and antibody produati of an industrially relevant GSHO cell

line grown in fedbatch culture in the MBR system and 5L STR using equal
power per unit volumas a scakleip criterion The cell culture performance in the

MBR system was subsequently optimised through a seribatof cultivations

which focused oroptimisinggas delivery to the systenihis work centred on
evaluating different sparger designs and the impact of direct gas spasying

surface aeratian
Finally, t he MBRO s abi | i tagvanced feedimgn d u c t

regimes was evaluated with the operation of continuous feeding using the

S y st e-loil peristalticpoumps.
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Chapté&atzrials and Met hods

2.1 Chemicals

The chemicals used in this work were obtained from BDH (Dorset, UK) and the
cell culture media, a chemically defined animal component free media (CD
CHO) wasobtained from Gibco, Invitroge(Paisley UK). All the water used in

the evaluation was RO wateAll the filters used were ra s abl e, 0.2
Sartorius Midisart 2000 PTFE filte(Epsom UK).

2.2 Lab-scale bioreactor design and construction

The bioreactor used was a 5L STR Biostat BDCU (Sartorius Stedim Biotech,
New York, USA).It had a working viume aspect ratio of 1:dnd consisted of a
borosilicate glass vessel supported by a stainless steel scaffold and was sealed
with a stainless steel head plate. Mixing wa$iaved by a singlé bladed
marine impeller rotated by a rotor shaft in the headeplThe motor used was a

0.34 kW Kollmorgen Seidel motofGmbH and co, Dusseldorf, Germanyhere

was a distance of 6 cm from the centre line of the impeller to the base of the
vessel. The impeller was screwed on to a rotating, stainless steel impeller shaft
that was connected to the motor on the head plate. Aeration of the vessel was
achieved ia the use of a horskoe shaped sparger. A sintered sparger was not
used as the large quantity and small size of bubbles caused excessive foaming.
The airflow rate was manually regulated using a standard laboratory rotameter
the range of 0 666 mL/min during operatiorthe gas flow was capped at 100

mL/min.

The head plataccommodatednline probes for dissolved oxygen, temperature
and pH. The @probe used wasdnPrd® 6000 series ©12mm Sensor (Mettler
Toledo, Leiceste). There was also a singhaulti-port with 4 openings, two of
which allowed for the addition of antifoam and base. For the third port a silicon

tube was attached going from the interior of the port to the bottom of the vessel
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and this was used as an inoculation/harvest line. Trhaineng port can be used

for feed additions in fethatch cultures but this was not needed so was closed off

using a gate clamp. The exhaust gas port was connected to a capped, empty

sterile glass bottle, with the cap having two openings. One opening osesicl

with an air filter and the other was connected to the exhaust port by silicone
tubing.The inlet gas was filtered throughaues abl e 0. 2 em Mi di sart

filter (Sartorius Epsom UK).

2.3 Miniaturised bioreactor design and construction

The MBR vessels were modelled based on theskedde vessel with a working
volume 1:1 aspect ratio and also made of borosilicate glagse vessels were
sealed with a stainless steel head plate which was attached to the vessel by a
stainless steel tightergncollar. Mixing was achieved either by a 3 bladed
directly drivenoverheadmpeller or a 4 bladed magnetic bottom driven impeller.
The direct driven impeller was screwed on to a rotating, stainless steel impeller
shaft that was connected to the maiorhe head plate. The vessel wemised in

a polyblock which also controls the temperature of the veséeration was
achieved by a number of different spardesignsthese are described ir&ion

2.17. The rotameters have a maximum controlled flowrate2@0 mL/min
(Cache Quality Instrumentation, Wakefield, URhe airflow rate was manually
regulated using a standard laboratory rotameter in the range2@® @nl/min.

The head plate could accommodate-lioe probes for dissolved oxygen,
temperature andth The DOT probe used was the oxyferm 120 FDA (Hamilton,
Bonaduz, Switzerlarjd The pH probe used was the easyferm {l2@milton,
Bonaduz, Switzerlaj)d The head plate has a port for antifoam and base
additions, a gas out port and a port to attach a ¢ tor the sampling port. The

head plate also accommodates a septum port and 2 ports for antifoam detectors
that set off an alarm when both sensors come in contact with antiideninlet

gas was filtered througha-tes abl e 0. 2 e m Mied(Bastaiust 2000
Epsom UK).
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Table 2.1: Summarof the important bioreactor vessel and impeller dimensions.

Unit MBR 5L
Total wolume L 0.5 7
Working volume L 0.30 3.5
Total height m 0.14 0.32
Diameter m 0.08 0.16
Aspect ratiolworking volume) H/L 11 1:1
Number of impellers - 1 1

: Director magnetic  Elephant ear
Type of impeller - dri . .
rivenmarine marine
. Directi 0.034
Impeller diameter m Magnetici 0.0 0.062
Impeller depth m Directi 0.000 0.045
Impeller bladeangle ° 30 45
Impellerdiametervessel i Directi 0.41 0.41
diameter Magnetici 0.42 '
: Directi 0.008
Shaft diameter m Magnetici 0.002 0.015
. Directi 3
Number of impeller blades - Magnetici 4 3
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2.4 Cell line and culture conditions

The cell line usedn this workwas a GSCHO cdl line, CYO01, obtained from
Lonza Biologics, SloughThe growth medium was chemically defined animal
component free (CECHO) supplenented with 1 mL/L of 25 mmol/L
Methionine Sulfoximine (MSX) (Sigmaldrich Company Ltd, Dorset, England)
(refer to Section 2.16) The cells were routinely passaged evedydays in 250

ml Erlenmyer (E250) shake flasks with vented caps in shakenirf@Obators

with culture volumes of 100 ml. Passages were conducted by inoculating an
appropriate volume of preamed (~37°C) CBECHO medium to achieve a

seeding density of 0.2 x 16ells/ml.

2.5 Lab scale bioreactor fermentation

Before sterilising the bioreactor the pH probe was calibrated. The bioreactor was
sterilised in an autoclave aR1°C for 40 minutes alg with 1M ml antifoam

and 1 L base. T antifoam solution was mads adding 3 ml of Gemulsion
antifoam Gigma Aldrich Dorset, UK to 97 ml of RO water to maka 3 %
solution. The 0.1M base solution was madef two powders, hydrogen
bicarbonate and hydrogerarbonate Before sterilisation the reactor was filled

with enough water to cover the probes to ensure the probes did not dry up during
and after the autoclave run. As soon as the bioreactor was takest the
autoclave and returned to the bench the probes were connected to the controller
and this was particularly important for the DOT probe, as it requires 6 hours to
fully polarise. After the DOT probe was polarised the RO water was drained
from the reator and then the reactor was filled with 3 L of O media. The
heating jacket was then turned on and once the temperature of the media reached
37°C the DOT probe could be calibrated along with recalibrating the pH probe.

Once the calibrations were cpiate the bioreactor was inoculated with enough

cell culture toachieve a seeding density 200 x 10° cells/ml. The oprating
process parametease listed in table 2.2.
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Table2.2 5L STRoperating parameters.

Process Parameter Setpoint
DOT (%) 30
pH 7.1
Temp (°C) 37
Stirrer Speed (rpm) 260

2.6 Miniaturised bioreactor fermentation

2.6.1Preparation and sterilisation

Before sterilising the bioreactor the pH probe was calibrathts was done by

first immersing the pH probe in pH buffer solution at pH 7 and waiting for a
stable reading at room temperature. The pH recorded by the probe was inputted
into the control software at the recorded temperature. This procedure was

repeatedvhile immersing the pH probe in pH buffer at pH 4.

The bioreactor was sterilised in an autoclave at 121°C for 40 mialateg with

50 ml antifoam and0 ml base in separate bottles.eTantifoam solution was
madeby adding 1.5 ml of &mulsion antifom (Sigma Aldrich Dorset, UK to

48.5 ml of RO water to maka 3 % solution. The 0.1Mdse solution was made

of two powders, hydrogen bicarbonate and hydrogen carhorizdéore
sterilisation the reactor was filled with enough water to cover the probes to
ensure the probes did not dry up during and after the autoclave run. As soon as
the bioreactor was taken out of the autoclave and returned to the polyblock the
probes were connected to the controller and this was particularly important for

the DOT probe, a& requires 6 hours to fully polarise. After the DOT probe was
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polarised the RO water was drained from the reactor and themdhtor was
filled with CD-CHO media. Once the temperature of the media reached 37°C the
DOT probe could be calibrated alonghviecalibrating the pH probe.

Once the calibrations were complete the bioreactor was inoculated with enough
cell culture to achieve a seeding density of 0.2 %c&lls/ml. Both the media fill
and inoculation was carried out in a vertical laminar flow hood. The operating

process parameters for thBR system are listed in table 2.3.

Table 23: Direct and magnetically stirred MB&oerating parameters.

Process Parameter Setpoint
DOT (%) 30
pH 7.1
Temp(°C) 37
. 410 (directdriven)
Stirrer Speedrpm) 350 (magnetically driven)

2.7 Determination of viable cell concentration

The miniature and labcale bioreactor samples were counted daily by automated
trypan blue dyecell exclusion method using the MGELL Automated Cell
Viability Analyser (Beckman Coulter, UK)L ml samples were spun down at
4000 RPM for 5 minutes and the supernatant retained for future metabolite

analysisand stored a20°C. The Vi-CELL also measuigkthe average cell size.

2.8 Metabolite analysis

Metabolite analysis was conducted using the Nova Bioprofile 400 (Nova

Biomedical, Cheshire, UK). Before running any samples the analyser was
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calibrated to measure the concentrations of glucose, lactatggnghe and
ammonia. Analysis was conducted by thawing the retained supernatant samples
and running them through the analyser at appropriate dilutibms. gecific
glucose consumption rate was calculateddlwding the gluose consumed by

the integraliable cell concentratiofVCC) per day.

2.9 Bolus feeding

The feed used in the fdzhtch cultivations was a 10 x concentration of-CBO
media. The glucose concentration in the feed was increased from 65 g/L (the
amount in 10 x CBCHO) to 150 g/L by adding 85 g/L glucose (SigAdrich
Company Ltd, Dorset, Engldin The feed was administered once daily to the
MBRs when the glucose concentration fell below 2 g/L in order to bring the
glucose level back to 2 g/L. The feed was delivered by injecting through a
septum using a 2 mL syringe in the MBR and a 50 mL syringbe 5L STR.

The feed was filtered using a 0.22mStericup filter(Millipore Express” Plus,
Oxford, UK).

2.10 Continuous feeding

The feed was made in the same way as described for bolus feeding. The feed was
administered to the MBR in order to maintain the glucose level at 2 g/L and fed
continuously throughout the day at calculated flow rates. Flow rates were
calculated based on hasical data on glucose consumption rates and predicted
viable cell concentration. Based on these figures the amount of glucose added to

the MBR system over a 24 hour period was calculated.

The feed was delivered via thebuilt feed pumps (RS, WatfordUK). Checks

were made to ensure that the flow rates recorded by the pump were accurate.
These checks were conduct edsdowestfl®@v f |l ow r
rate of 0.1 ml/h, 0.2 ml/h and 0.4 ml/Rlow rates were consistently maintained

at vay low flow rates (0.10.4 ml/h during feeding which necessitated the use of

tubing with an internal bore size of 0.08 cm

55 Omar AFRamadhani 2015



2.11 Characterization of bioreactor power input

The ungassed paw (Pug)requirement of thd1BR system was measured using

a gnall scale air bearingynamometerthe setup of which wasimilar to that
described by Nienow and Miles (1968ith aforce transducefrefer to Fig. 2.1)

The glass vessel from tiBR system (3 = 0.08m) was filled with the culture
working volume of RQwater (300 ml) and mounted onto the top plate of the air
bearing To facilitate stirring, the impeller was connected to an overhead electric
motor. The setup for the magnetically driven impeller was slightly different to
that of the directly driven impal. The directly driven impeller was screwed
onto its impeller shaft as per standard operation, however the magnetically driven
impeller was attached to the bottom of its impelaft with a waterproof
adhesiveThe MBRimpeller was placed vertically artdrough the centre of the
vessel in the same position as it would be had the headplate of the bioreactor
been present. The clearance level of the impellers was the same as that used in

the fermentations.

Changes in théorce exerted on the sensorbytaee r bearingds arm we
on a PC using Winlso software (HEL Ltd, Borehamwood, Hertfordshire, UK).

Power input generated from impeller stirring manigesh changes in thérce

applied on the seps and these measurements wased to calculate powe

input. The torque generated was measured using-agiterated forceéransducer

(FS Series, Honeywell, Lanarkshire, UK). From the torque measurements the

power draw can be calculated using:

P = FRY 2.1
P = power requiremenfw)
F = force applied on the sens@)

R = length of the arm pressing against the force semspr

¥ i s the angular velocity, given by
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¥ = 24N 2.2
N = impeller rotational speed (rps)
Thepower input into the bioreactor is calculated using:
P = Ny N°Di® 23
Np = power number a dimensionless number
3= liquid density(kg/m®)

N =impellerrotational speed (rps)

Di = impeller diameter (m)

Motor

Impeller shaft

300 ml water
Impeller MBR vessel
Force transdi‘ ‘
Air beariw_ ——1 Air bearing top plate
arm
Air inl . .
irinlet___| — Air bearing

Figure 2.1: Schematic diagram of the experimental setup to measure power input
into the MBR.

2.12 Characterisation of k a

k_,a measurementsere determined using the stagi@ssing out methodne trial

was caried out in RO water with 63Lg" NaCl to investigate the method with
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noncoalescing liquids. The second trial was carried out iRGEHID media, the
same media used in the fermentations. This is because the level of foaming in
CD-CHO media was w§ significant and hence couldffect the ka

measurements.

The DOT probe used in the trials was the same one used in the fermentations
(Oxyferm FDA 120).The trials exmined three different variablethe impeller
design, the sparger design and the agitation rate. Before the tinalprobe
respnse time was measured. This was done by gaitia probe in a syringe

with 0% oxygen achieved by sparging P@8itrogen. Then quickly placing the

DOT probe in fully oxygenated media at the appropriate agitation speed.

Once the bioreactor was setup witke appropriate impeller and sparger the
agitation rate was set and the liquid totallyadegygenated by sparging nitrogen
gas. At this pmt the gas sparged was air 2loxygen) and the rate of-re
oxygenation was measured. The rate ebxggenation was masured from 20

80% oxygen to avoid imprecise start times and minor calibration issues.

k,a was calculated by calculating the slope of the grapim(@f*-C,) vs ime

which has ayradient of ka.
The equation for oxygen transfer is:

OTR =K (C*-C\) 24
K.a = overall mass transfer coefficient'(dr sec")

C* = equilibrium oxygen concentration (mg/L)

C. = concentration of dissolved gas in liquid (mg/L)
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2.13 Characterisation of mixing time

2.13.1 Decolourisation method

Mixing time was measured using the iodine and sodium thiosulphate
decolourisation method (Bujalski et al, 1999 and Hirati et al, 2007). 1.8 M
sodium thiosulphate solution was added to 0.5 M iodine solution atia of

1:99 (v/v) for both the MBR and 5L STR trialsfter a minute of mixing, 0.99 M
sodium thiosulphate was added via a pipette just above the surface of the liquid
and projected into the impeller regiorhe mixing time was determined to be the
periodbetween the point at which the thiosulphstéution hadbeen completely
added to the iodine, and the point when the iodine solution became completely
colourless.Time measurementvas done by visual inspection and by using a

stopwatch.

2.13.2pH tracer method

The vessel was filled to working volume with RO water (300 ml). This was
followed by addition of KOH to increase the pH. Once the pH reading had
steadied HCL was added to lower the pH. The time taken for the pH reading to
drop over 95% of the pHiffierence was measured as thexing time The
quantities of acid and ba used for the MBR and the 5L STjiRovided
proportional molarity of each addition so that the starting pH, final pH and pH

drop were consistent.

2.14 High speed camera imaging

Thecamera used was a DVR Fastcam (Photron, California, USA). The resolution
used was 640 x 480 pixels, recording at 125 frames per second with a shutter

speed of 1/frame rate.
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2.15 HPLC

Product titre was quantified using High Pressure Liquid Chromatography
(Agilent technologies, series 1200, Stockport, UK). A 1 ml protein A column
was used (HiTraP)!, GE Healthcare, Buckinghamshire, UK).

The analysis required the use of 2 buffers.

Equilibration buffer =20 mM sodium phosphate @ pH 7~6.5)
For 1L7 1.084gNaH,POy
i 3.273g NaHPQO,.7H,O

Elution buffer = 20 mM glycine @ pH 2.9~5/6)
For 1L1 1.5g Glycine

The pH of the buffers was adjudt¢o the required pH by using 2MCL. In
order to reduce théuild-up of contaminants on the column the buffexere
filtered before use through a Stericup 022 filter (Millipore Expres$" Plus,
Oxford, UK).

A 200¢ lof the samples were aliquoted on to a 96 well plate and analysed by
the plate reader with 1801 the $amplenjected on to the column
A Analysis was performed atflow rate ofL ml/min.

To

Detection was carried out a2@nm and 280m.
A The approximate pressure during running of the HPLC was betweed @6

bar with a maximum limit of 8®ar.

2.15.1Data analysis

The product titre waderived by calculating the area under the p@dX) at 280
nm which corresponded to a retention time af Bin and then multiplyindpy
the dilution factor(DF). This figure should then be divided by1@0 as this is the

peak areahat corresponds tod/L.
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Determination of IgG titre (g/L) = [DF x PA @ 280nm]/2100

Cell specific productivity was calculated by dividing the antibody concentration
by the integral of viable cell concentration.

2.16 Methionine sulfoximine preparation

Methionine sulfoximine MSX) (Sigma Aldrich, Dorset, UKsolution was made

up to a concentration of 26M i n Dul beccodés PBS (DPBS)

MSX powder was added to and left to dissolve in 55.49 ml DPBS at room
temperature. This solution wasen filtered through a 0.22 m tefcup filter in a
laminar flow hoodand then aliquoted into 1.5 mluNc cryotubes and stored-at
20°C. MSX was used by thawing in a 37°C water bath and then added to cell

culture media at 1ml/L.

2.17 Design modifications

The MBR system that wasuibt for this project was basic protocol thdacked

some features that were required for effective mammalian cell culture.
Fundamentallythe sparger provided witihe system, a vertical 0.31 cm diameter
tube with a 15 um filter attached was not suigatdr mammalian cell culture
(refer to &ction 3.44). The system did not come equipped with a sampling
mechanism which meant thatmpling would have to be conductiedan aseptic
vertical laminar flow hoodThis would have required disconnecting the system
from the polyblock and the main controller unit at least once a day. Sampling
could be carried out by unscrewing the headplate and pipetting a sample. If this
was carried outevery day, it would have posg a significant risk of
contaminating the vessel due to opening the system. Also there would be no
process control for this period of time (rougfyminutes) which couldeffect

culture performance.

Daily sampling in this manner was saptimal and here a sampling port was

designed and fitted to the system before cultivations could take place
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The MBR came equipped with a bulky condenser which occupied a large area of
the headplate which made it difficult to operate the MBR partityubeinen using
thedirect drivenconfiguration due to the size of the motor. A test was carried out
to determine wather the condenser wascessary when operating the culture at
37°C. 300 ml of media was heated to 37°C and left for 3 days with the absence
of the condenseinstead the system was merely connected to an empty bottle.
Only 2 ml of water had collected in the bottle which waaignificant volume

which meant that the condenser was not necessary.

A spare port in the headplate was modified into a septum portuitously the

size of the port codl accommodate a standard septwitrich could fit tightly.

The septum port was necessary to allow injection of feed and hence make bolus
feeding possible. Before cultivation sterility tests were carried out to etigitre

the technique of injecting feed through the septum could be done aseptically.

62 Omar AFRamadhani 2015



Chaptd&mg3neering Character.i

3.1 Introduction

This chapter presents a detailed engineering characterisation of the MBR and 5L
STR systems. Engineering characterisation is an important first step in
understanding how a bioreactor system perforiibere are minimum
requirements that the reactor must mi@ecertain parameters to make optimal

cell culture performance possible

Engineering characterisation is also criticabrder to conduct scalg design

With process optimisation taking place at-Edale this makes accurate seaje

a critically important step. In order to do this, important engineering parameters
must be accurately characterised in order to achieve successfuugcdter
mammalian cellculture processes important parameters @ower per unit
volume P/V), overall volumetric mass transfer coefficiektd) andmixing time
(Varley and Birch, 1999).

Some of the physical characteristitgt can affecbioreactor performance are
vessel gemetry, impeller type, size, shape and placement within the vessel as
well as fill volume. Ideally the bioreactor should be operated to ensure optimal
cell culture conditions as well as proving as efficient and cost effective as
possible (Hockey and Nouri996).

3.2 Characterisation of power number and power input

P/V is widely used for scalep, scaledown and bioreactor design. The first

definitive studies in power consumption were carried out by Rushton et al in the
195006s. He devel imensiahless groops, mixleding mower d
number (N) (or Newton number) which relates resistance force to inertia force.
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P =power input(W)

y = liquid density (kg/r)
N = rotational speed (rps)
Di = impeller diameter (m)
(Chapple et al, 2002)

N, is dosely linked to Rerefer to Fig. 3.1which represents a ratio of inertial to
viscous forces. Within laminar range (Rel0), N, is inversely proportional to
Re, however within turbulent range (Re >0@) Rushton et all50 and Bates
et al(1963) found that the impeller Nof various mpeller types and designs with
baffled vessels remains alstaconstantAs a resultthe N, in the turbulent range

is quoted as the Nor a specific impeller geometry.

Re= 3.2

Di = impeller diameter (m)

N = impellerrotational speed (rps)

J. = liquid density (kg/rm)

€ = viscosity (kg/ ms)

When the Re isn between laminar flow and turbulent flow it is classified as
transition and is characterised by a variation in flow conditions within and
external to the impeller region. This occurs because the flow conditions in the
impeller region are more turbuletitan in the rest of the bulk liquid. These
regions of flow constantly mix with other regions in the bulk leband sdorm a
transitional state of fluid flowDickey, 2010)
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Figure 3.1: A typical graph of the relationship betweenN, and Re. N,
becomes constant in the turbulergion which is roughly Re 20 for most
impeller types and designs (Harnby et al, 1992

3.2.1 Powerlinput

An important considration for STR is to minimise the mechanical stress
damage exerted on the cellsrmaammalian cells can be fragile due to their lack
of an outer cell wall. Onef the factors that contribute this isthe power input

into the reactor that is mainly determined by the impeller speed and gas sparging
It is preferable to employ impellers thipitched blades at lower impeller speeds
as this can reduce shear strasshe same power per unit volur(Marley and
Birch, 1999). Both the direct and magnetic impellers fitted to the MBRs are
marine impellers that produce axial flow. Axial flow can Wefined as
generatingcurrents that are parallel the axis of the impeller as opposex t
radial flow which producecurrents that are in a tangential direction to the
impeller shaft fefer to Fig. 3.2). Axial flow impellers can improve k by
increasingthe residene time of bubbles, this is particularly the case if gas is
sparged undeeath the impellerThey are also renowned for having a lowgr N
and as a result being low sheaadial impellershowever,have higher power
dissipation rates and henceeék up bubbles, which can also improvea k
(Marks, 2003).
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Table 31: N, for a variety of impeller types.

(Taken from Dickey2010

Figure 3.2: lllustrations of the liquid flow patterns in a bioreactor. A radial
flow Rushtonturbine impeller(a); an axial flow pitched blade turbine/marine
impeller (b) and an axial flow hydrofoil impeller (¢Y.aken from Dickey, 2010
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3.2.2 Powercharacterisation results

Gassed powefPg) was not determined or calculated for the MBR. The reason
for this is because gas sparging into the vessel can be conducted via surface
aeration in which case gas bubbles are not present in the bulk culture. With
regards to sparged aeration, this is inféeant, particularly in the early stages of

a cultivation (days @) where the gas demands of the system are low. As a result
sparged aeration would have had an insignificant effect on power input (Lavery

and Nienow, 1987) and hence it can be assumedPthatPug.

As discussed previously, an important consideration for impeller choice for
mammalian cell culture is to minimise mechanical stress damage and yet ensure
low mixing times. Hencethe impelle should have a low Nand high flow
number which maximises flow for a given power input (Varley and Birch, 1999).
Another important consideration is to operate the impeller at a tip speed that will
not result in shear stress damage on the cells. It is widely recognised that an
impeller tip speed above 1.5 m/s can begin to cause shear stress damage on cells
(Varley and Birch, 1999).

The N, of the magnetically driven impeller ranged from 0i41.20 and 0.39

0.53 for the directly driven impellerdfer toFig 3.3). The N, of the magnetic

and directly driven impellers vary widelgspecially at lower Re. This is because
the design of the magnetically driven impeller creates less turbulence in the
surrounding liquid and hence less power is lost to friction. As the liquid becomes
more turbulent the Nfor both impeller types become more similafrhe N, of

the magnetically driven impeller does reduce as Re increases, however it does
not become constant in the turbulent regime. This could be partly due to the
experimental design dn operation of the power input experiments. The
magnetically driven impeller is attached to a shaft which has a diameter of
0.31cm. Due to the very small diameter of the shaft it was difficult to fit it
perfectly into the motor lock that held and rotatbd shaft. This resulted in a
slight wobble that could have slightly distorted the power readinghese
measurementsompare favourably withhbse found in literature (Dorath995)

Chisti (1992 used an assumed, Nf 0.4 for a marine impeller. These vak are
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lower than those for impellers used in microbial fermentations, like Rushton
turbine impellers (generally \> 1), however low lNimpellers have been found

to be generally better at gas pkssion than higher Nimpellers (Varley and
Birch, 1999).
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Figure 33: Comparison of the N, as a function of Re generated by the
different impeller types at different speeds(3507 700 rpm). Magnetically
driven impeller( yanddirect drivenimpeller( D2

The power input for the magnetically driven imfel ranged from between
20.7i 70.8W/m® and 13.0i 81.0W/m® for the direct driverimpeller. Between

350 rpm and 600 rpm the magnetically drivepeller has a highgvower input,
which could result in producing higheresdr. The difference ipower input
deaeases between the 2 impeller types and at 600 ppwer input is virtually

the same for both impeller typeAt speeds greater than 600 rpm, the direct
driven impeller has anarginally greater power inputlt is difficult to make
definitive conclusionsas towhy the magnetically driven impeller has a higher
powerinput compared to the direct driven impeller at the lower impeller speeds
as they are different designs. However, Nienow and Miles (1971) reported that
pitched blade impellers with a clearancenh the bottom of the vessel to tank
height ratioof morethan 1/3 have a higher power number than with a ratio of
1/3. The magnetically driven impeller was positioned with a smaller clearance

than the direct driven impeller which may have resulted inhilgger power
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number and power input measuremeiiise magnetically driven impeller also
has one more blade than the direct driven impeller which may also result in
greater power input the same impeller speadise to the additicad overalldrag

resistane on the impeller

Power input measurements for the 5L STR were measured historically (Personal
communication, Nick Silk)The P/V measurements for the MBRs and the 5L
STR can be found in figure3.4 and 3.5espectively At an impeller speed of

260 rpm; the impeller speed that has been previously determined to be optimal
for the cell line use@Personal communication, Nick Silkhe 5L STR produces

a P/V of 20.5 W/m This P/V is matced by the directly drivenMBR at an
impeller speedf 410rpm and by lte magnetically driven MBR at an impeller

speed of 350 rpm.
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Figure 3.4:Comparison of the volumetric power input generated by both
MBR impeller types as a function of impeller speedMagnetically diven
impeller ( yand direct drivenmpeller ( DBxperiments conducted as described
in Section 2.11Error bars represent one standard deviation about the mean
(n=3).
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Figure 3.5: Volumetric power input for the 5L STR over a range of impeller
speeds.These measurements were measured historically by Nick Silk (Personal
communication) using the same equipment and methods as described for the
MBR in Section 2.11.

3.3 Hydrodynamic conditions in the bioreactors

As has been previously discussed, mammalaiis are particularly shear
sensitive and hence it is necessary to assess the shear stress produced by agitation
as this is potentially the main cause of mechanical shear damage on the cells. As
disaussed in 8ction 1.7.4, fluid turbulence producesddies, these eddies then

break up into smaller eddies and so on. The smallest size eddies are called
Kolmogorov eddies. Eddies contain kinetic energy and hence when they collide
with cells they can exert enough mechanical shear stress to kill themyvétpwe

this only happens when theddies are similar in sizeo tthe cells, which on
average ard@5 um. Henceit is important to calculate the Kolmogorov eddy size

at various impeller speeds in the bioreactor systems to ascertain whether there is

the potentiafor shear damage to occur.

The mean energyiskipation rate gverage rate of dissipation of turbulence

kinetic energy per unit massan be used to calculate the turbulent stresses
acting on t he i mpell ers based on Kol mo
turbulence (Levich1962 andHarnby et al 1992.
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P =power input (W)
3. = liquid density (kg/r)
V = working volume (M)

For this theory to be most applicable, the iRast be in the turbulent region.
Once the energy dissipation rate is knowre mean Kolmogorov length scale
can be calculated and this is given by:

_ T

TK: — 3.4

T = mean energgissipation rate (W/Kg

v = kinematic viscosity (fis)

The mean Kolmogorov length scale represents the mean length throughout the
bulk liquid, however the maximum shear stress occurs in the impeller region
where the energy dissipation ragemuch greater than that in the rest of the bulk
liquid (around 130 times more which is reflected in equadisi (Cutter 1966).
Davies (1987) suggested that all the energy dissipated from the impellers is
dissipated in half of the volume occupied bye timpellers. Hence the

Kolmogorov length scale in the impeller region is:

) e
1= — 3.5

x EA G:A130T
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Table 3.2: Summary of the hydrodynamanditions in the different bioreactors
at different impeller speeds.

Impeller speed Energy dissipation Kolmogorov eddy size
System (rpm) rate (W/kg) x 10° (Lm)

ET é.AT E‘K a~|()
MBR direct 350 0.020 2.6 84 25
MBR direct 700 0.08 10 60 18
MBR magnetic 350 0.0 2.6 82 24
MBR magnetic 700 0.0 9.1 62 18
5L STR 150 0.004 0.52 126 37
5L STR 260 0.0 2.6 84 25
5L STR 350 0.49 9.4 67 20

Table 3.2 clearly shows that none of the Kolmogorov eddy sizes produced by the
various bioreactor systems are smaller than the average cell diameter, even when
operated at high impeller speeds of 700 rpm inNt&Rs. However, at these
higher speeds the Kolmogorov eddy sizes are almost as small as the average cell
size and could begin to cause cell dam@ge6 um for the direct driveand 18.2

pum for the magnetically stirred). Hence, at slightly higher impelfezesls of
around 800 rpm, Kolmogorov eddies smaller th&nufin would be produced and
could begin to causmechanical stress damage on the cells. Thelierpgpeed

in the direct drivenMBR that produces an impeller tip speed of 1.5 m/s is
roughly 850 rpm ath 800 rpm for the magnetically driven MBR, these are similar

to the impeller speed that would produce Kolmogorov eddies that are smaller
than 15 um. Hence there does appear to be some evidence here that exceeding
the maximum tolerable impeller tip speedldd m/s could initiate cell death due

to the creation of Kolmogorov eddies that are smaller than cell size.
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3.4 Characterisation of k a

3.4.1lIntroducti on to static gassing out method

The static gassing out method was used in this study to mdasued various

impeller speeds with a variety of sparger designs. This physical method has its
advantages compared to chemical methods in that it can be conducted in cell
culture media and hence provides an accurate representation of culture

conditions.

3.4.2 Probe response time

DOT was measured in the reactasing the oxygen probe and #we probe

response time could potentially affegtakmeasurements as Tribe et(3994,

reported that not considering the probe response time can introduce significant
errors in ka measwe ment s . Ac c or d(l979 thd eoror M &anid t Ri et
roughly 6% when ja is smaller than the inversetbie probe response timéhe

response timefd-8 seconds for the probe used in the following experiments is

well below the inverse of la for any of the trials conducted in this study and

hence probe response time was regarded as insignificant.

3.4.3DO0 probe design andplacement

Initial k,.a mesurements were carried out using the sparger provided with the

MBR system which was a hollowD.31 cm diametestainless steel shaft with a

15 em sintered filter attached at the eni
was that it was a vertical Holv shaft that was located close to the vessel wall

without a mechanism to sparge bubbles into the impeller region. This resulted in

an uneven distribution of bubbles, with the majority remaining on the side where

the sparger was placed.
There are 2 ports the MBR headplate where the DOT probe and pH probes can

be placed. There are also 8 positions where the sparger ptacbkd due to there

being 8x 0.31 cmports in the headplate. Hence an initial study investigated the
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effects on measured & due tothe placement of the sparger and D@Ydbe in

the headplate anttheir proximity to each other. The configurations trialled were

with the DO probe nearest the sparger (1 cm away) and the DOT probe as far as
possible from the sparger, on the opposite sidin@teadplate (5 cm away). It

was expected that the difference in proximity would haveftatt when using

the 15 em sparger due to the majority of
vessel. Another possible limitation of the reactor design isthiegaDOT probe is

quite long and hence its sensor is located very close to the bottom of the vessel

with a clearance of 1 cm. This makes it diametrically opposed to the area of the

vessel where the majority of gas bubbles will collect.
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Figure3.6: Comparison of the k a values for the direct and magnetic driven

MBR impellers with the DOT probe in different positions in the bioreactor.
Magnetic far (Yy) represents the use of t
probe furthest away from the sparger (-
represents the use of the magnetically driven impeller with the probe nearest to

the sparger (1 cm awhy. Direct far (z) represents tF
impeller with the probe furthest away from the sparger and direct near (x)
represents the use of the directly driven impeller with the probe nearest to the
impeller. All the DOT measurements weoenducted using a constant gas flow

rate of 0.33 vvm (100 ml/minkrror bars represent one standard deviation about

the mean (n=3)These trials were condted in water as described icEon

2.12.

All the DOT measurements were conducted using a aungts flow rate of
0.33 vvm (100 ml/min). Thela values measured when the DOT probe is close
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to the sparger are significantly higher than those when the DOT probe is placed
furthest away refer to Fig.3.6). This is not surprising as this sparger desgn
located on the side of the vessel pointing downwards. The dirddthgn
impeller also provides higher & measurements. This could be due to its
increased clearance from the bottom of the vessel and also because of its blade

configuration which appesatto provide inbeased turbulence to the liquid.

Based on the clear difference in measured klue to the bioreactor

configuration, consequent trials were conducted with the DOT probe being

placed opposite to the sparger in the headplate.€ffieist washeavily amplified

due to the design and |l ocation of the 1

anticipated when using spargers that dibediblegasinto the impeller region.

3.4.4 Alternative sparger designs

The 15 em sparger wgarsdesignotb usa dugpng aetlt i c a |
cultivations because it produced a prohibitive amount of foam iRCED

media. Hence various other spargers were designed for use in the MBR. These
spargers were designed to produce larger bubbles so as to reduce foagning a

also to projecthe bubbles into the impeller region so as to produce better bubble

and gas dispersion. The spargers wused in
sparger which was of a similar design tc
pore sizes. Aiagular openingsparger which consisted of a 0.31 cm diameter

hollow stainless steel shaft with a curved open end that could release bubbles

into the impeller region. A horseshoe sparger desighabain was fashioned

from a 0.31 cm diametdrollow stainkess steel shaft with 5 evenly spaced holes

with a diameter of 0.05 crthat formed asemicircle below the impellers. The

fourth sparger design was 4 evenly spaced haidls a diameter of @5 cm

drilled into the bottom of the impeller shaft of the magradty driven impder,

which was again a 0.31 cm diametaollow stainless steel shaft. Table33

presents thevalues ofk_.a measured for each sparger design for both impeller

types and as a function of impeller speed.
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Table 3.3 Summary of ka data obtained from different sparger and impeller
designs at varying impeller speeatsan airflow rate of 0.33 vvm

k.a (hours?)
Impeller type 300 (rpm) 400 (rpm) 500 (rpm)
Horseshoe direct 8.1 8.2 9.7
Horseshoe magnetic 12 11 10
Singular holdirect 5.9 8.5 9.2
Singular hole magnetic 5.0 7.2 14
Impeller shaft 6.2 6.3 6.4
90¢ ndirect 16 17 22
90¢ mmagnetic 18 18 24
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Figure 3.7: k.a measurements for the differentMBR sparger designs using

the direct driven impeller and the magnetically driven impeller shaft
sparger at an airflow rate of 0.33 vwm9 0em si nt grze@3lesmparger
diameter singular hole sparger( yf ¥ hole impeller shaft spger ( D3nd
horseshoe spargdr 0 Error bars represent one standard deviation about the
mean (3). These trials were conducted in €HO media at 37°@s described

in Section 2.12

As ki a is a function of aeration rate, bubble size and agitation rate, it was not
surprising to see that the 90 um sparger provided the highagtdéer to Fig.

3.7). There was naignificant difference between the other sparger designs with

all the other sparger configurations providingakvalues in the same region
(Table 33). k.a measurementdbtained using the direct drivampeler clearly

show thatthe ka produced by th€.31 cm diametesingular openig sparger

and the horsghoe spargewnere very similarAll the other sparger designs except

the 90 um sparger wefacing the impeller. The horskoe sparger had a glaring
limitation in that bubbles only cae out of one hole, the one nearest the shatft.
The flow rates used did not generate enough pressure to release bubbles from the
other holes which clearlyrhits its ability to increasé& a. This is not the case

with the horsdsoe sparger in the 5L STwhich could release bubbleofn each

of its holes. The horshoe sparger design is meant to aid bubble distribution as

bubbles are sparged underneath the impeller and from multiple points.
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Figure 3.8 k.a measurements in the 5LSTR at different impeller speeds and

airflow rates. 0.03 vvm airfl ow (DJErroabadgs 0. 06
represent one standard deviation about the mean (fh8se trials were
conducted in CBCHO media at 37°C as described in Section 2.12.

k,a measurements in the 5L STiefér to Fig.3.8) increase with both increasing
impeller speed and higher gas flow rate. As expected higher airflow rates
produce higher las at corresponding impeller speeds dug éobeing a function

of aeration rate.

The Ka results achieved in tHdBR compare favourably with those found in
literature for mammalian cell culture systems. Typical values affkund in
mammalian cell culture processes is withil8LH' (Diao et al, 2007, Nienow
2006 and Moreira et al 1995).

3.4.5 k a measurements usingurface aeration

kia was measured while operating the dirediyven MBR with surface
aeration MBRs have been successfully operated while using surface aeration
primarily because their smaller liquid volume can facilitate enough gas diffusion
to occurto achieve a ja that can support cell growth at high cell densities. This

is the case with regards to shake flasks which rely on surface aeration for gas

delivery and exchange. With regards to tha kmeasurements undertaken, they
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were carried out in theame way as those with direct sparging except that surface
aeration was used. Kamen et al (1995) suggested that there are 4 conditions that
must be met in order to calculate accurat kalues using the static gassing out
method. These conditions are thhe gas side and interfacial resistances are
negligible, the gas phase and liquid phase are well mixed, the response time of
the probe is at least five fold shorter than rate of absorption and that the residence
time of the gas phase in the bioreactor sisort so that the interfacial
concentration of oxygen at equilibrium may be considered constast.first
condition is met as it izell known that thegasliquid interface itself contributes
negligible resistancgDoran, 1995) and thathe liquidphase masstransfer
resistance dominatedue to the poor solubility of oxygen in culture media.
Section 37 of this thesis shows thdhe liquid phase is well mixed and it is
assumed that the gas phase would be well mixed due to the tglatmall
headspace ardgh airlow rate (0.66 vvm). Section 3.4.2 has already shown that
the probe response time is negligiblds for the fourth conditionthe gas
residence time is a measure of how long it takes for the gas concentration to
significantly change in a givevolume. The gas residence time in the headspace
is governed primarily by the size of the headspace and the gas flow rate. If the
reactor has a large headspace and low gas flow rate then gas mixing in the
headspace will be slow and hence the gas residéneewill be significant. If

the headspace is small and the gas flow rate is higher, then gas mixing in the
headspace will be quicker and hence the gas residence time will reduce.

The residence time was not measured in this experiment but can be assumed to
be insignificant as the reactor headspace is relatively small at < 200 ml and the
airflow rate used insurface aeratiorat 200 ml/min = 0.66vvm which is
relatively high. Also, ka is calculated by measuring the gradient of the linear
slope which is ofteetween 280% DOT and hence there is an opportunity for
appropriate gas removal to occur in the headspace before the DOT reaches 20%

and hence accurate measurements afclan occur.

Surface aeration in the directtifiven MBR produced ka values rarigg from
1.3 K at 300 rpm to 2.8 at 500 rpm(refer to Fig. 3.9 These are significantly

lower than the kas measured using sparged aeragiott may inhibit cell growth
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if high cell densities (> 10cells/mL) are reached. The MBR system can however
compensate for these lowerakvalues by separately sparging enriched oxygen

into the reactors to supplement the air inlet

k.a (hrt)

250 350 450 550

Impeller speed (rpm)

Figure3.9: k_a measurements fotthe direct driven MBR at a range of
impeller speeds withsurface aerationat 0.66vvm. Errorbars represent one
standard deviation about the mean (n=3)

3.5 Mixing time

Mixing time is a very important parameter for mammalian cell culture processes.
Mixing should be optimised so that a homogenous environment is produced
within the reactor. Othense the cells will travel through a variety of
environments within the reactor, which can have adverse effects on the cells
growth kinetics and productivity. Mixing times should also be minimised so that
responses to any changes in operating conditioegditnperature and pH can be

as fast as possible. Efficient mixing is particularly important duringbiedh

operation to avoid the creation of local nutrient gradients
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3.5.1 Decolourisation method

Mixing times were evaluated in thdBR for both impellertypes at working
volumes of 200 an800 ml using the decolourisation method. This method has
been widely used for determining mixing times (Bujalski et al, 1999 and Hirati et
al, 2007) as the reaction between iodine and sodium thiodelphauick and

hence the rate limiting step will be liquid mixing.

Figure 3.10 shows thatmixing time is inversely proportional to impeller speed
and that it is reduced at smaller fill volumes. Lower mixing times are expected at
smaller fill volumes ashiere is a constant amount of energy being transferred to
the liquid to a reduced volume, which results in more turbulence leading to faster
circulation. The direct drivenimpeller provides shorter mixing timeéban the
magnetically driven impeller particaully at lower speeds. This l&ely due to

the direct drivenimpeller having a greater clearance from the bottom of the
vessel and also due to its three blade configuration which creates more
turbulencein the liquid (Nienow 2006) The magnetically driven impeller
provides mixing times of betweeri 415 seconds and the directly driven impeller
provides mixing times of betweeni 3L3 seconds over the same impeller speeds.
At a constant P/V of 20.5 W/hthe mixing times are similar véim the MBR is

run at a working volume of 300 mit a matched P/V the 5L STRrovides a
mixing time of 6 secondswhich is very similar to botiMBR configurations
which produce mixing times of 6 and€econds for the direct and magnetically
driven impellersrespectively. The mixing times in the 5L STR and MBR are
consistent with those found in literature. It was reported that mixing times for a
5L STR for CHO cell culture is-8 seconds (Lara et al, 2006).
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Figure 3.10: Comparison of the mixing times forthe direct and magnetically
driven impellers in working volumes of 200 and 300 ml using the
decolourisation method.Directly driven impeller with a fill volume of 300 ml

(Y directy driven impeller with fill volume of 200 m{ D#hagnetically driven
impéler with a fill volume of 300 m z;)magnetically driven impeller with a

fill volume of 200 ml( @ Yrials were conducted according to the method
described in Section 2.13 Error bars represent one standard deviation about the
mean (n=3)

It has been reported that on increasing bioreactor scale that mixing time should
increase (Marks, 2003). However, there are reasons why this is not the case when
comparing the MBR and the 5L STR.

a) The 5L STR has a curved base which improves mixingeltgbfacilitating

the circular flow of liquid. Due to the shape of the MBR port in the polyblock,
the MBR vessel has to have a flat base to fit tightly into the block. Also the
vessel is heated via the base of the polyblock port and hence there must be fu

contact between the MBR vessel and the polyblock port.

b) As detailed in Section 2.3, the impeller design of the direct driven MBR is
different tothat of the 5L STR. The direct driven MBR impeller is a marine
impeller with a bladengleof 30° whilethe 5L STR is fitted with an elephant ear

impeller with a blade angle of 45°.
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To evaluate the impact of blade angle on mixing times, a scale down model of
the 5L STR impeller was constructed and evaluated in the MBR system. The
impeller was scaled down byaintaining a constant impeller diameter to tank
diameter ratio, blade width to impeller diameter ratio and blade length to
impeller diameter ratio. The mixing time produced by the scaled down impeller
was evaluated with two blade angles; 30° and 60°r aveange of impeller
speeds using the decolourisation method asiléétan section 2.13.1. Figure
3.11clearly shows that the angle of the blade has a significant impact on mixing
time with the 60° angle blades producing much shorter mixing times tlean th
blades inclined at 30°. This indicates that lafgade angles can produce shorter
mixing times and could explain why the mixing times in the 5L STR are shorter

than expected.

16

14 4

=
N
I

=
o
I

Time (secs)
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Impeller speed (rpm)

Figure 3.11Mixing times at a variety of impeller speeds using a pitobd
blade impeller in the directly driven MBR. 30° blade anglé yanhd 60° blade
angle( z.Error bars represent one standard deviation about the mean (n=3).

3.5.2pH tracer method

The pH tracer method was used to measure the mixing time in the MER tO
Fig. 3.12). The trends achieved using this method were very similar to that used
in the decolourisation method. Mixing times were shortest at rAD@ulture

volumes and were also shortest using the direct agitation methoddirBoe
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driven impeller provigsmixing times of7-20 seconds and the agnetic driven
impeller providesmixing times of7-24 secondsThe limitation of this method
was that there was slight delay due to the response time of the pndbeh may
have caused the readings to be simitdaha shortest mixing times.

30

25 4

20 4

15 4

Time (secs)

10 +

150 250 350 450 550
Impeller speed (rpm)

Figure 3.12: Comparison of the mixing times for the direct and magnetically
driven impellers in working volumes of 200 and 300 ml using the pH tracer
method. Directly driven impeller with a fill volume of 300 nfl y/ directdriven
impeller with fill volume of 200 m( D#agnetically driven impeller with a fill
volume of 300 m( z;)magnetically driven impeller with a fill volume of 200 ml

( @ Jrials were conducted according to the method described in Section 2.13.2.
Error bars represent one standard deviation about the mean (n=3)

3.5.3 Mixing time correlation

Nienow reported in 1998 that mixing time could be predicted by using equation

3.6 with bioreactors that have a 1:1 aspect ratio

Tm=5.90:%°( & 1) **(Di/Dy) ™ 3.6
Dt = Tank diametefm)
& 1= Mean energy dissipation rafé//kg)

Di = Impeller diametefm)
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Ni enowds equation was wused to compare
actual vales obtained in the 5L ST&nd thedirect drivenMBR. The equation
accurately predicts the mixing times in the directly driven MBR except at 300

rpm where there is a significant difference of 3.3 seconds (40% differgate)

to Fig. 3.13. With regards to the 5L STR, the actual and predicted values are
very similar except at 50 rpm where the actual mixing time is significantly higher

at 96 seconds #m the predicted valuee. 50 secondgrefer to Fig.3.14).

Table 3. 4: Ni e n caecorately predicts éhé raixing tnme obtained in
the direct driven MBR system.

Averagemixing time (secs)
N (rpm) MBR Nienow
200 13 12
300 11 8.1
400 6.3 6.0
500 3.8 4.8
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Figure 3.13: Comparison of the mixing imes in the directly driven MBR
with a fill volume of 300 ml derived from the decolourisation method and
predicted mixing times. The directly driven MBR s r epresented by t
the Nienow predicted v akrorears representorepr esen
standard deviation abbthe mean (n=3)
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Figure 3.14: Comparison of the mixing timesi n t he 5L STR and Ni
predicted values.5L STR( D2 an ds Np reemiwc t efTle 5L 8IRues (YY)
mixing times were measured using the decolourisation method as described in
Section 2.13.. Error bars represent one standard deviation about the mean (n=3).

86 Omar AFRamadhani 2015



3.6 P/V and mixing times at large scale

Mixing is an important parameter and it would be desirable to keep mixing time
constant upon scalgp (refer to Section 1.7.2), however dueitirelation$ip

with power consumption, is rarely possibléo maintaina constant mixing time

on scaleup. This is because larger fluid volumes result in longer flow paths for
bulk circulation, which require faster fluid flows to achieve the same mixin
times.As reactor scale increases, a significantly greater amount of power input is
required to achieve faster fluid flow¥o keep mixing time constant the velocity

of the fluid in the tank must be increased in proportion to tank size.

Generally for gemetrically similar bioreactors, PAg directly proportional to

fluid velocity squared
P/V 8 2 3.7

P = Power (W)

V = Volume of liquid (nf)

v = Linear fluid velocity (m/s)
(Doran, 1995)

It is clear from the above relationship that increadingl velocity requires a
significant increase in power input. Doran (198%plained that scalingp a n®
pilot-scale stirrd tank to a 10° tank (assuming geometric similarity) would
result in a 4.5 fold increase in fluid flow path length. Thereforeetep the same
mixing time, fluid flow in the larger tank must be 4.5 fold faster, which would
require a 2dold increase inP/V. This is a significant increase in power

requirement, which could produce a prohibitive level of shear stress.

Zlokarnic andJudat (1998) also discussed the impact of sgalen mixing time
and found thatfiP/V is kept constant, mixing time increases in proportion to
vessel diameter raised to the power 0.67. Applying this to the-spabdé the 5L
STR used in this study to &80L industrial scale STR; mixing time would be

expected to increase by 4.7 fadfrom 6 seconds to around 30 secorXlag et
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al (2009) studied the impact of scalp on a CHO cell culture process and found
that mixing times varied between-200 seconsl in a 5000L reactor and that

significant DO and pH gradients were formed.

For these reasons mixing time is not a commonly used -spaleiteria for
mammalian cell culture processes because a potentially prohibitive power input
could be required to gerste higher agitation rates (Xing et al 2009). Due to the
shear sensitivity of mammalian cebsid to ensure shear stress is kept within
acceptable limits constant P/V is comamly used as a scalg criterion
(Langheinrich and Nienow, 1999, Valery anddBiy 1999 and Marks, 2003).

3.6.1Improving mixing times at large scale

Measures can be taken to minimis&img time when scaling up using constant
P/V. If geometric similarity is relaxed, Varley and Birch (1999) claim that larger
impellers rotating sloer would produce shorter mixing times than smaller
impellers otating fasterMarks (2003) proposed that mixing times at large scale
could be reduced by employing the largest power input within the acceptable
range so that agitation rate is increased lmitto a speed that results in shear
damage. Varley and Birch (1999) also suggest that making feed and acid
additions in the impeller region as opposed to the culture surface could also

reduce mixing times and the formation of concentration gradients.

3.7 Mixing time test images in the MBR

A selection of the mixing time trials were filmed using a high speed camera to
confirm the times measured using the decolourisation method and to provide
images of the mixing profile in the vesselhe images in figure.14 clearly

show the downward axial flowgenerated by the direct driveimpeller.
Decolourisation and hence mixing occurs around and undemitaler region

first and theroccurs in the top half of the vessel. This can be partly explained by
the injecton of sodium thiosulphate which is injected just above the liquid
surface downwards into the impeller region. This was done to mimic the addition
of feed which is carried out in the same fashion. There were concerns that the

surface tension around the D@hd pH probes could restrict mixing, however
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from the images it is clear that this is not the case. Even the very slight gap

between the DO probe and the vessel wall appears to be well mixed.

a) Time Oseconds
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c) Time 6 seconds

Figure 3.15: Still images of the decolourisation experiment in the 500 ml
MBR with a working volume of 300 ml and impeller speed of 410pm. a)
before sodiunthiosulphate waadded;b) 2 seconds after the addition of sodium
thiosulphate and c) 6 seconds after the addition of sodium thiosulphate.

3.8 Conclusions

This chapter has presented a detailed engineering characterisation of the MBR
system as well as an engineering charagaéion of a 5L STR. This work was
carried out to better understand the performance capability of the MBR with
regards to power input_ & and mixing time. These parameters have a significant
impact on the feasibility and efficiency of carrying out celltard and the
potential to carry out cultivations at high cell density. These parameters were
also measured in the 5L STR in order to conduct scale comparison studies which
is an essential exercise in determining whetherMiBR system is a feasible

scaledown model for process development and optimisation.

Power input was measured for thigedtly and magnetically driveMBRs by

using a small scale air bearing dyanometer; the setup of which was similar to that
described by Nienow and Miles (1969). Tgwas calculated for both agitation
configurations with theN, for the direct drivenmpeller equalling &2. TheN,

for the magnetically driven impeller was not accurately measured due to the
experimentadesign;however it is estimated to be similar tattof the directly

driven impeller. These figures are consistent with those found in literature
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(Doran,1995, Sandadi et al 2011) for marine impellers otiad 0.4i 0.5. The
N, of the 5L STR was measured historically as 0.97 (Peedaommunication,
Nick Silk) and wherrun at 260rpm produceda P/V of 20.5 W/m At matched
P/V the agitation speedh ithe directly driven MBR is X rpm and 350 rpm in
the magnetically driven MBR.

k a was measured for the MBR system and the 5L STR as a function of agitation
rate using the static gassing out method with-@HHO media at 37°C, as this
mimicked cell culture conditions. The sparger supplied with the MBR system

(15 um sintered sparger) was not suitable for use IRGEI® media due to
excessive foaming and hence variety of alternate sparger designs were
developed. ka values were highest using the 90 um sintered sparger design for
both the directly and magnetically driven impellers-g86h"). On average the

k,a values obtained for the other sparger designs wendar and varied
between 514 h' which are values that are again consistent with those found in
literature (Diao et al, 2007, Nieng®006 and Moreira et a1995) with regards

to mammalian cell culture. & was also measured for the MBR usBwugface
aerationand these valuesinged from1.3-2.3 h™. The ka for the 5L STR was
measured at different agitation and gas flow rates-gBIrpm and 0.08.06
vvm). The ka measured with an airflow rate 00.03 vvm and at

P/V = 20.5W/m* was 3.8 H, and doubng the gas flow ratéo 0.06 vvmonly
increaseck_a to 4.6 H. It was found that agitation rate had a more profound

effect on ka than gas flow rate.

Mixing times were measured in the MBR system using the decolourisation and
the pH tracer method asfanction of both agitation rate and fill volume. Mixgn
times reduced significantly &ster agitation rates and smaller fill volumes. The
directly driven impeller produced lower mixing times compared to the
magnetically driven impeller. The 5L STR hadh&ing time of 6 seconds at

P/V = 20.5 W/ml which was very similar to the directly driven MBR which
produced a mixing time of 6.3 seconds at the same P/V. It was found that the
mixing times measured using the decolourisation method with the didgtgn
impeller were similar to those predicted by a correlation developed by Nienow
(1998.
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The engineering characterisatiomork presented in this chaptelemonstrates

that the MBR performs well in core engineering parameters like mixing time and

kia. The MBR wasable to produce mixing times arnida values that are
comparable or better than the 5L STR at matched P/V. This indicates that it may
have the potential to support cultivations that produce similar growth and
productivity if a suitable scaldown criterionisused.To eval uate t he
potential to conduct comparableultivations an initid scale comparison
cultivation is requiredwhich will allow comparison between the 5L STR and

both the magnetically and directly driven MBRs.
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Chapdger Opti mi sation of gas
system

4.1 Introduction

The findings of the engineering characterisatstudies in the previous chapter
indicate that the MBR system has the potential to facilitate high cell density
cultivations The work inthis chapterevaluate the performance of the MBR
system compared to a 5L STR using anstant scalelown criterion. This
chapteralso details a series of cultivations aimed at optimising the performance
of the MBR system.

4.2 Initial comparison cultivations based on matched P/V

An initial scale comparison experiment was carried out to compare the
performance of the 5L STR and the MBR systempkying both the directly
driven and magnetically driven impellers. @erally, the scalelown criterion
chosen will very much depend upon the type of bioprocess being operated and
the type of cell ine. For fast growing cell linghat have high oxygen demands,
like microbial cell lines, an appropriate scalewn criterion could be equal la,

as oxygersupply will be the limiting factor. This is particularly the case as shear
forces are not a major concern. However, mammalian cell cultivations have
relatively low oxygen demands even at high cell densities and heads kot
often a limiting factorP/V is often the scaldown criterion used for mammalian
cell culture proceses due taoncerns of potential hydrodynamic cell damage.
P/V is important for both mixing time and&(Varley and Birch, 1999)so it is
important thatthe P/V constantused produes adequate mixingnd ka to
support high cell densitiesut is low enough to ensure hydrodynamic cell

damage does not occur.
The scaledown factor that was used was a constant P/V of 20.5 Yenthis

was the P/V produced by the 5L STR when run atetommended impeller
speed of 260 rpmA P/V of 20.5 W/nf falls within the typical range of values
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(10-100 W/n?) used for mammalian cell culture processéng et al, 2009 and
Gimenez et al, 2013cding down based on matched P/V also produced the
samemixing time of 6 seconds fahe 5LSTR and directly driveMBR. The
mixing time of the magnetically driven impellat matched P/\iashigher at 9

seconds.

4.2.1 Fluid flow and hydrodynamic conditions

Generally, there is a concern as to how acclgedé=down can be carried out at
miniature scale, particularly when the mechanisms used for mixing @ndré&
often very different (for example the lack of mechanical agitation). It becomes
more difficult to predict the flow patterns that occur at theles@and hence how

effective mixing and ka will be.

Most MBRs are moelled on labscale bioreactsr and hence have common

vessel geometry; this of course helps to ensure -goal|® is as accurate as

possible. In the case of the MBR used in this study, mechanically similar to

conventional lakscale bioreactors. The most significant difference in design

however, is the shape of the bottom of the vessel. The MBR has a flat bottom

which differs from the more curved bottom of conventionaidehle bioeactors.

This will have an effect on fluid flow as the curved bottom of the vessel helps to

distribute gas and liquid flow above the impeller region and towards the top of

the vessel. The MBR doesnodét have this <cu
flows goproach the bottom of the vessels they are broken up which creates more

turbulence.

The other notable difference is that the DOT and pH probes in the MBR occupy
a significant volume within the vesselh& height of the vessel is 0.f8and the
shaft lengh of the probe is 0.12 m. The vessel diameter is 0.08 m while the probe
shaft diameter is 0.012 m. This forms 15% of the vessels diameter which is
significant, particularly as the pH probe has a similar diameter. Héreprobes
occupy roughly 30% of # vessel diameter. This makes the probes substantial

baffles which are not required for mammalian cell culture. Bioreactors used for
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microbial fermentations often employ 4 baffles with diameters that do not exceed
1/10 or 1/12 B and so the probes in theBR mimic large baffles (Chisti and
Moo-Young 2002.

4.2.2 Growth comparison

The initial scale comparison cultivations were carried out according to the
process parameters detailed in Sections 2.5 and 2.6 uskbgtigd operation as
detailed in Sectin 2.9.The maximum VCC of the 5L STR was significantly
higher than that obtained in the MBRs; the 5L STR had a maximum VCC of
9.9x 10 cells/ml, the madmum VCC for the magnetically driven MBR was
5.1x 10° cells/ml and 8 x 10 cells/ml for the direct driven MBR (refer to

Fig. 4.7. There was also a significant difference betweerirtegral viable cell
concentrationl{yCC) of the 5L STR and that of the MBRs. The IVCC for the 5L
STR was 78 x1(° cellsday/mL, 43 x 10° cellsdaymL for the magneticajl
driven MBR and 38 x 10cellsday/mLfor the directly driven MBR.
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Feed initiation

Viability (%)

+ 40

f
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+ 20

Viable cell concentration (x10° cells/mL)

f T T T T T T T T T T T T T T 0
0 24 48 72 96 120 144 168 192 216 240 264 288 312 336 360
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Figure 4.1:Growth profile comparisons of the initial fed-batch 5L STR,

magnetically driven MBR and directly driven MBR. Both MBR

configurations were directly sparged using a @®idiameter singular opening

sparger with 100% enriched oxygen enabled from the beginning of the
cultivations.Gas inlet pressure was unregulated in the MBR systéDCs for

the 5L $SAKR madgnetically driven MBR (Yy) a
(zXellcul ture viability for the 5L STR (0)
and the directly driven MBR&§. Process parameters are detailed in Sections 2.5

and 2.6 and the feeding strategy is detailed in Section 2.9.
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In order to identify the exponential grdwphase and calculate the maximum
specific growth rate (g, a semilogarithmic plot (logarithmic VCC axis and
linear time axis) was plotte@fefer to Fig. 4.2)as it clearly presents changes in

the rate of growth. In a serugarithmic plot, the lineapart of the curve
represents growth that is increasing at a constant rate with each consecutive time

period and represents the exponential growth rate.

10 4

MBR slower growth phase

72 96 120 144 168 192 216 240 264 288 312 336 360

Time (hours)

exponential growth phase

Viable cell concentration (x10° cells/mL)
-

0.1

Figure 4.2.Growth profile comparisons of the initial fed-batch 5L STR,

magnetically driven MBR and directly driven MBR cultivations with the

VCC plotted on a logarithmic axis and culture time plotted on a linear axis.

VCCs for the 5L STR (060); the magnetical |
driven MBR (z).

The 5L STR maintains a constant and expom¢gtiowth rate from time 0 hours

to 120 hours, identified by the linear part of the curve. The slope of this part of
the curve is 0.026r" and as this represents growth during th@omential
growth phase thialsorepresentshe maximum specific growttate (nay)-

Both MBR cultivations have two distinct growth phases during the same period
(0 to 120 hours) (refer to Fig. 4.3). In the first phase of growth (0 to 72 hours),
growth was exponential, indicated by the linear part of the curve with the
steepest slope. During this peridte growth rate of thenagnetically driven
MBR was 0.021 ht and 0.022 ht for the directly driven MBR. The growth rate

for both MBR cultivations reduced after 72 hours and this marks the beginning

of a second distinagrowth phase (72 to 144 hours for the magnetically driven
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MBR and 96 to 144 hours for the directly driven MBR). In this phase, the growth
rate for the magnetically driven MBR w&s0095hr* and 0.a1 hr? for the
directly driven MBR. This represents a significant reduction inwgnorate

compared to the 5L ST&uring a similar period

10 4

MBR slower growth phase

72 96 120 144 168

Time (hours)

exponential growth phase

Viable cell concentration (x108 cells/mL)
~

0.1

Figure 4.3.Growth profile comparisons of theinitial fed-batch magnetically
driven MBR and directly driven MBR for time 07 144 hours with the VCC
plotted on a logarithmic axis and culture time plotted on a linear axisVCCs
for the magnetically driven MBR (Yy) and |

At this stage it was unclear why the growth rates in the MBRs reduced after 72
hours as the main process parameters (temperature, DOT and pH) were closely
controlled around the set points. What may have initiated the reduction in growth
rate are factors relating to gas delivery. In the firs72&ours, mammalian cell
cultivations lave minimal oxygen requirements due to low cell numbers and thus
minimal gassing occurs in this period. However, aftei72&ours the oxygen
demand of the culture begins to increase resulting in more frequent gassing of the
reactor. As a result, factorelated to the gassing of the system may have
contributed to the reduction in growth rate after 72 hours and the subsequent

lower maximum VCCs and final IVCCs produced by the MBRs.
Interestingly it was noticed that the cells in the MBR were larger in siter

72 hoursthan those in the 5L STR. The cells in the 5L STR did not exceed 17

pm in diameter throughout the culture, however the cells in the MBRs both
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reached a dksize of over 17.5 um by 120 houasd remaiad around this size

until 288 hoursafter whichthey began to reduce in size.

4.2.3 Antibody productivity comparison

Whilst some useful information can be inferred from the overall trengiontuct
concentration data plotted against culture time igufe 4.4 it is of note that

there is gynificant variability in the dataompared texpected trendS'he data

in Figure 4.4 presents a number of spikes which are unexpected and not observed
in unpublished historical dat@ndin other product concentration data presented

in this thesis (Figured.11, 4.17 and 5.2). There are alslata points in Figure

4.4 whichshowproduct concentratiodecreasavith culture time (5L STR 288 to

336 hours; directly driven MBR 288 to 336 hours); this should not oasur
product concentration couldemain constant if the cells are not producing
product or increase if the cells are producing product. Product concantrety
decrease if the product breaks down; however there is no reason why this could
have occurred during the cultivations as thempaocess parameters (DOT, pH

and temperature) remained well controllsexpected ariability in the prodat
concentration measured b{PLC could have been caused by inacciesduring

sample preparation atiquoting.
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Figure 44: Product concentation profile comparisons of the initial fed -batch

5L STR, a fed-batch 5L STR cultivation reported in Chapter 5 of this thesis
(provided for comparison), magnetically driven MBR and directly driven

MBR. Initial fed-batch5L STR( § jed-batch 5L STR cuivation reported in
Chapter Spresented here for comparis); magneticallyd r i ven MBR (
directly driven MBR (2z). Anti body <co
detailed in Section 2.15.

y) a
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Given the variability in this datat would be inaccurate to make comparisons
between the three cultivatiodmsed orthe final productconcentratioa alone

The variability in the product concentration data also nsakedifficult to
calculate accurate cell specific productivity,{@alues for each cultivation. Q

can be calculated by plotting the product concentration vs IVCC (Sunley et al
2008, Yanget al 2010 and Barrat et &#012) with the slope of this relationship
representing cell specificrpductivity. This method of calculatgy Q, would
compensate fosome of thevariability by taking into account more of the data
and thusreducingthe effect of inaccuracies in the dathowever as there are a
limited number of data points on each curve (four for each MBR and six for the

5L STR), the Q values ould still maintain a degree of inaccuracy.

Plotting the product concentration vs V@@ all data points (refer to Fig. 4.5)
results ina Q, of 24 pg/cell/dayfor both the magnetically andirectly driven

MBRs compared to 1¢g/cell/day for the 5L STRThe R squared values of the
trendlines for each bioreactondicate that the relationship of product
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concentration and IVCC does not explain soofi the variation othe dataabout
the mean(R squared 0.79 for the 5L STR; 0.83r fthe magnetically driven
MBR; and 0.78 for the directly driven MBR).

1.2

y =0.0244x - 0.171
R2=0.7777

1 A 'y y =0.0115x + 0.0923 _
m .~/ y=00237x-0.181 Re=0792L .
- R2=0.8738 °

0.8 A

0.6 A

0.4 -

Product concentration (g/L)

0.2 4

0 10 20 30 40 50 60 70 80 90
IVCC (x108 cells/mL/day)

Figure 4.5 Comparison plots of product concentration vs IVCCfor the

initial fed-batch 5L STR, magnetically driven MBR and directly driven
MBR.5LSTR( gmagnetically driven MBR (Yy) a
(z). Trend | i ne seplotaforeeach reaetor systendvatidthet o t
dotted line representing the 5L STR; the solid line representing the magnetically
driven MBR and the dashed line repnetseg the directly driven MBR.

nd
h

To reduce unexplained variation and to produce the best fitting trendline, a data
point was removed from each cultivatigoroduct concentration of 0.74 g/L at
IVCC 77.9 x 16 cells.day/mL for the 5L STR; product concentration of 0.45 g/L
at IVCC 34 x 18 cells.day/mL for the magnetically driven MBR; and product
concentration 0.68 g/L at IVCC 26 x ®6ells.day/mL for the directly driven
MBR) (refer to Fig. 4.6). When plottech ithis way the R squared valueme
closer to 1 making the trendlisdit the data bette(R squared 0.95 for the 5L
STR; 100 for the magnetically driven MBR;.Q0 for the directly driven MBR)
Plotting the data in this wagsults ina Q, of 16 pg/cellflay for the SL STR; 26
pg/cell/day for the magnetically driven MBR and 21 pg/cell/day for the directly
driven MBR.As these trendlines fit the data better, thev&ues obtained from
these trendlines would appear to be a better estimate of thef @ach
cultivation.
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Figure 4.6:.Comparison plots of product concentration vs IVCC for the
initial fed-batch 5L STR, magnetically driven MBR and directly driven
MBR with one data point removed for each cultivation to reduce variation
and to produce trendlinesof best fit. The data points removed are; the product
concettration of 0.74 g/L at IVCC 78 10° cells.day/mLfor the 5L STR; the
product concetnation of 0.45 g/L at IVCC 34 10° cells.day/mLfor the
magnetically driven MBR; and 0.68 g/L at IVCB x 10° cells.day/mLfor the
directlydrivenMBR5 L STR ( 0) ; magnetically driven
driven MBR (z). Trend |l ines have been ad:
system with the dotted line representing the 5L STR; the solid line representing
the magnetically driven MBR and the dashed line representing the directly driven
MBR.

4.2.4 Main findings and next steps

This initial fedbatch comparison cultivation showed that the 5L STR performed
very differently to the MBRs when operated at a corisRIN of 20.5 W/m
(refer to Table 4). Both the growth and cell specific productiviprofiles
highlighteddifferences in performance between the 5L STR and the MBRs
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Table 41: Summary of the key growth and productivity data for the initial 5L
STRand MBR cultivations based on a constant P/V.

Direct driven Magnetically
MBR driven MBR SLSTR
Max VCC (x10° cells/ml) 49 5.1 99
0.022 0.0
1 (0-72 hours) (0-72 hours) 0.025
Mmax (hr™) .
0.011 0.00% (0-120hours)

(72-144 hours)

(96-144 hours)

IVCC (x10° cellsinlL/day) 36 43 78
Qp based on all product

concentration data points 24 24 12
(pg/celllday)

Qp based on lines of best 21 26 16

fit (pg/cellday)

The increased gand slower growthauld indicate that the growth of the cells in

the MBRs was arrested at a stage in the cell cycle that was particularl

productive. AtRubeai et al (1992reported that when hybridoma cells were

arrested at the G1 phase using thymidine thénQeased and that cell volume

was larger. They also repet that Q can increase whethe cells are subjected

to nonlethal hydrodynamic stressAl-Rubeai et al, 1992). Throughout the

literature there have been many similar studies involving different cell lines that
have reported that there is an inverse reteship between Qand growth rate.

This has been observed under a variety of different cell stresses including; the
over expression of endogenous cell cycle inhibitors, exposing cells to chemicals
that are known to induce growth arrest and using lower eeatypre shifts
(hypothermic growth) (Sunley et al, 2008). The viability of the cultivations in the
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MBRs was similar to that in the 5L STR and was consistently higher after 216
hours. Hence it would appear that the cells in the MBRs had been stressed to
sone degree that could have caused growth arrest, however this stress was not
enough to result in reduced cell viability. It is not clear at this stage what could
have caused this elevated level of cell stress as the MBR system accurately

controlled the maiprocess parameters includirtemperature, pH and DOT.

It is unlikely that hydrodynamic stress damage could have been induced by the
impellersusing a matched P/V of 20.5/". This is because the impeller tip
speed for the directly driven impeller w&71 m/s and 0.65 m/for the
magnetically driven impellerthese speeds are both significantly below the
impeller tip speed of 1.5 m/s which is recognised as being the speed at which cell
damage may begin (Viay and Birch, 1999)Nienow (2006 contestshat there

are largescale bioreactomammalian cell culturgrocessediat employ impeller

tip speedsigher than 1.5 m/s which do notopluce cell damage and so higher

tip speeds can be tolerated by mammalian c&le impeller tip speeds for the
MBRs wee al® lower than that of the 5L STRhich was 0.84 m/s, again
indicating that the impeller tip speed shbunot have produced prohibitive
amounts of shear stress on the cells. Another point to consider is that the
impellers used in the MBR cultivationseapitched blade impellers with an angle

of 30°, which is again a design aimed at reduding production ofshear
stresses.

The gas delivery system of the MBR system may have caused the difference in
growth and productivity between the 5L STR and the MBRs.

1. The MBR system was not capable of gas mixing and so the system could not
continuously sparge each reactor. This resuih the system having to deliver
regular bursts of gas into the reactors in order to control process parameters
(refer to Section 4.2). It was noticed that after each burst of gas, cells were
drawn up the sparger shaft, and sometimes up into theltgasThis would have

been caused by the pressure differential that had been created between the

sparger shaft and the bulk culture. The cells were then discharged back into the
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bulk culture during the next burst of gas. This could have stressed thim ¢eis

ways.

a) The cells that are drawn into the sparger shaft would have been isolated from
the controlled environment in the bulk culture. This could have stressed the
cells, particularly if they remained out of the bulk culture for some time or

were draw up into the air filter.

b) The cells could also have beerposed to shear stresshige to the shear
forcescreated bythe sparger wallas the cells flowed through the sparger
shaft back into the bulk culture. The pressure in the gas inlet taps in the
MBR system were not controlledo the bursts of gas into tidBR may

have occurred at a force high enough to induce shear stress on the cells

2. The MBR was setup to control DOT using both air and 100% enriched
oxygen while the 5L STR controlled DOT by gdually increasing the oxygen
concentration in the sparged gas when required. Extended use of 100% enriched
oxygen may have had a toxic effect on the culture. This @ussed further in
Section 4.33.

Flow cytometry could have been used in this studyfuher analyse the
physiological state of the cells in the MBR and 5L STR cultures. Flow cytometry

has been used to analyse mammalian cell
and has been used to measure cell viability, cell number, cell cycle, ap@tds

many more physiological parameters (Kuystermans et al, 2012). This study could

have benefitted from the use of flow cytometry to evaluate the cell cycle
characteristics of the cultures, which could have provided a greater insight into

the factors tht caused the difference in growth in the MBR and 5L STR cultures.

For example, Rubeai et al (1D%uggested that analysing the proportion of cells

in the S phase of the cell cycle coul d
proliferative capacity. It hmalso been reported that cultures undergoing growth

arrest will have a higher proportion of cells in the G1 phase (Kumar and Borth,

2012).
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Flow cytometry has also been used to study the impact of hydrodynamic stresses
on hybridoma cells caused by gas blgband agitation interactions. Rubeai et al
(1993) used flow cytometry to conclude that cell damage occurred due to bubble
entrainment and bubble bursting caused by vortex formation due to intense
agitation. Hence flow cytometry could also have been tsstudy the impact of

hydrodynamic forces created by direct sparging in the MBRs.

The rest of this chapter will discuss the principles of gas delivery and evaluate a
number of batch cultivations that aim to optimise gas delivery to the MBRs.

4.3 Gas delivery to the MBR system

Gas delivery to a bioreactor forms a fun
design. This is obviously because cells rely on a combination of gases to
metabolise and grow and to synthesise the required protein prdaa®@ction

1.7.4 of this thesis the potential shear effects of aeration have been discussed and

in Section 3.4 the impact that the mode of aeration and sparger design have on

k,a were also discussed. As aeration is so fundamental to the operation of
bioreactor systems, optimising its design and operation is essential. The work in

this chapter will focus on evaluating the MBRrformance when employing a

90e m si nt e radddl cagingutagopaning sparger as well as evaluating

the performance of suida aeration.

The 90 em sintered spar geawvaluesatprodeceda | uat ed
which would result in efficient oxygen transfer (refer to Section 3.4.4). The foam
it produced was manageable with the additions of antifoam and hencetltehad

potential to be a viable configuration for mammalian cell culture.

The0.31 cmsingular opening sparger design was also used because it produced a
sufficient ka to maintain high cell densities (8.5)hat matched P/V to the

5L STR and representedsimple and effective design that generated large air
bubbles. The formation of large air bubbles is an advantage because it results in

less foam formation and reduces the potential shear effects on the cells.
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Surface aeration was also investigated aseah@nism to mitigate the potential
harmful effects of direct sparging (bubble creation and foaming). The higher
surface area to volume ratio of MBRs can allow for sufficient levels of gas

di ffusivity and hence meet the cell cul t

4.3.1 Gases supplied by the MBR system

4.3.1.1 Air and enriched oxygen

The most fundamental gas cells require is of course oxygen and hence supply of

an adequate amount of oxygen to the culture is a key function of a MBR system.
However, oxygen is the first géisat becomes limiting at high cell densities due

to its poor solubility in culture media and so the oxygen supplied through air

needs to be enriched with pure oxygen, often when the culture is in exponential

and stationary growth phase. Also it is impottéor the system to have an

adequately highla to ensure efficient oxygen transfer to the cells, particularly at

high cell densities. Ideally, the oxygen concentration in the air/oxygen inlet

should be increased gradually throughout the culture to meettbel | sd& oxyge
demands. Gradually increasing the oxygen concentration with oxygen demand as
opposed to sparging 100% oxygen into the culture will help maintain tighter

control around the DOT setpoint and avoid any potential toxic effects associated

with hyperoxia (over oxygenation). The toxic effects of oxygen have been

reported (Cacciuttolo et al, 1992) and involve increased DNA strand breakage

and adversely affecting the cell sd metab
rate, lactate production ratechoell growth. The MBR system does not have gas

mixing capability so these two gases are sparged to the vessels independently,
which |l imits the systemds capability of

enriched oxygen.

4.3.1.2 Carbon dioxide

Cell cukture media is normally buffered using €@ the gaseous phase in
equilibrium with sodium bicarbonate (NaH@Qequation 4.1 and 4.2). In the

early stages of the culture, pH will drift upwards due to the insignificant amounts
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of CQO, being produced as a dsof cellular metabolism and because this,@O

being stripped out of the culture. As the culture progresses and the cells
metabolise glucose to produce lactate, the culture pH will start to become more
acidic, which would necessitate the addition aaobonate. It is important to try

and maintain a tight control of pH and to keep the additions of &l
bicarbonate to a minimum. The accumulation of dissolved, Q@CO,) in
culture can have a toxic effect on cells adversely affecting their growth,
prodictivity and on product formation. As a result it is important that a high level
of DCQO, does not accumulate in the culture and is hence stripped out (Matsunaga
et al, 2009). CQstripping will naturally occur when other gases are sparged into
the culture @splacing CQ. A problem could occur if excessive amounts of,CO

are sparged into the culture to control pH. Gripping becomes more of a
challenge as the scale of bioreactor increases due to the liquid surface to volume
ratio reducing. Matsunaga et @009) conducted a study that showed that the
efficiency of gas stripping using surface aeration at small volumes (80 and 500L)
was much greater than at larger scales (2000 and 10,000L). Hence, at
miniaturised scale, gas stripping is more efficient dug &°%being higher. The
factors that affect gas stripping are virtually the same as those that af8tt k

like vessel geometry, liquid volume, impeller tip speed, aeration rate, the sparger
pore size as well as others (Matsunaga et al, 2009). Additibbscarbonate
shoul d be mi ni mi sed wherever possi bl e
osmolality, which can also be harmful to cells at inhibitive levels (Zhu, 2012).

Although the concentration of DG@an have a significant effect on cell culture,

DCO, monitoring is not a standard feature of MBR systems. The main reasons

for this are that DC@probes are expensive, which can significantly increase the

cost of a MBR i f many vessels are run i
scale, space in the headf@ and within the volume of the vessel are at a

premium (Frahm et al, 2002) and so DGfbnitoring is often compromised.

CO, + H,O <— H,CO3<—>H"+ HCO; 4.1

NaHCQ; <—> Na' + HCOy 4.2
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4.3.1.3 Nitrogen gas

The other gas that is sparged into the system is nitrogen. Primarily nitrogen is

used to control DOT levels by stripping out excess oxygen.

4.3.2 Mechanism ofgas delivery to the MBR system

Originally the system was designed to deliver oxygen to th&Mia air at 21%

or through 100% oxygen. The MBR system does not have gas mixing
capabilities and hence only one gas can be sparged into a vessel at any one time.
Also if a gas is being sparged into a vessel, that same gas cannot be sparged into
another vesel at the same time. The system can however sparge different gases

into different vessels at the same time.

With regards to controlling process parameters the system addresses the needs of
each bioreactor in order of priority. This priority is dictatgda combination of
factors including how far the process parameter is from the setpoint, how far it is
from the deadband (an acceptable range above and below the setpoint) and the
rate at which it is drifting towards or away from the setpoint. For exanipthe

DOT level is well below the setpoint and the pH level is just marginally above
the setpoint in 2 separate vessels it would prioritise sparging in air/oxygen to
raise the DOT level and then move on to addressing the pH level in the other

vessel.

4.3.3 Toxicity of 100% oxygen

It is widely understood that oxygen at high concentrations can have toxic effects
on cell growth and productivity and hence DOT levels should be maintained at
around 3660% (Castilho et al, 2008).

A problem arises with th®OT control when 2 vessels require oxygen. In this

situation the MBR could control a vessel by sparging air into one and pure
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oxygen in the other vessel. Quite often air will be sparged into vessel 1 and pure

oxygen in the following vessel. This poses thpgoblems.

1. A vessel will be sparged with pure oxygen from the beginning of the culture
even though it has a low oxygen demand. This sparging of pure oxygen may
prove to be toxic to the cells if oxygen gradients are formed. This would
seem unlikely as thmixing time of the system is very low and from studying
the mixing images it is clear the system is well miXesfer to Fig. 3.15
Section 3.7.

2. There is a difference in which gases are being sparged to the vessels and
hence this affects consistencf.ohe vessel is predominantly being sparged
with air while the other is being sparged with pure oxygen this forms a
significant process change that could result in a variation of growth. It would
be more desirable that both vessels were subjected to rsgagainputs to

maintain consistent culture conditions.

3. The vessel that is sparged with pure oxygen will overshoot the DOT setpoint
more frequently and more severely. This will result in more nitrogen being
sparged into the vessel to strip out the excaggen. This again will lead to
a difference in culture conditions as a vessel will be sparged with more

nitrogen then the other.

Also with regards to scale comparison, the-dahle bioreactor system used in
this research did have gas mixing capap#éihd hence it would have gradually
i ncreased oxygen concentration in the sp

demand.

434 Spargerdesigin 90 em sintered sparger

The MBR was operated using a 90 em sint
culture and employing direct driven agitation. The benefits of using a sintered
sparger is that the small pores produce small bubbles which results in gas being

delivered to the ctilire more efficiently. Smaller bubbles increase the rate of
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gaseous transfer into the liquid due to their larger interfacial area per unit of gas
volume and hence reach gas equilibrium quicker resulting in quicker gas transfer
into the liquid. Small bubbke also rise slower through the liquid than larger
bubbles and hence there is a greater opportunity for gas transfer to occur into the
liquid. The disadvantage of creating smaller bubbles is that they have a greater
shear effect on the cells when they buitu, 1995). Another disadvantage of
creating smaller bubbles in mammalian cell culture and in particular when
utilising CD-CHO media is the amount of foaming that is produced. If foaming
becomes too excessive, it can rise and block air filters and lehd tailure of a
cultivation. Also, excessive foaming can have damaging effects on mammalian
cells and can result in cell death. To mitigate these effects, antifoam must be used

to reduce the levels of foam.

4.4 Mechanism of cell damage due to bubble bursting

The mechanism of bubble bursting is illustrated in figu® ¥When a bubble
reaches the top of the diquid interface, half of it forms a liquid film which
protrudes out of the liquid and the other half depresses the liquid below it. The
proces of bubble rupture begins when the liquid film thins at its apex (its
thinnest point) forming a hole. There is then a rapid expansion of the hole which
forces the liquid to flow underneath the bubble cavity. This liquid flow produces

2 liquid jets, one tht shoots up above the bubble cavity and one below into the
liquid. These fast moving liquid jets can create enough shear stress to damage
cells. It has been reported that this phenomenon is more pronounced with smaller
bubbles as they rupture faster ciegtfaster liquid jets. These faster liquid jets
then create more intense hydrodynamic shear stresses in the liquid which are then
exerted on the cells (Wu, 1995 and Kilonzo Muatgaritis2004).
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Figure 47: A schematic illustrating the different stages of bubble bursting
(Taken from Wu, 1996

4.5 Toxic effects of antifoam

Antifoam emulsions are usually silicam mineral oil dropletsvhich encapsulate
hydrophobic particles consisting of silica or w@elton, 1996)Antifoam must

be formulated as an emulsion so that it is dispersed into small droplets which
help the antifoam agents spread fast and wide in the fohese encapsulated
hydrophobic particleare whainduce lamella rupturand hence bulié bursting

which results in a reduction in foam
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Foam that is found on the top of liquid media can be formed by both primary and
secondary bubbles. Primary bubbles are formed from the sparger and rise to the
top of the liquid. Secondary bubbles &wemed by primary bubbles that coalesce
with other primary bubbles while they rise towards the top of the liquid.
Antifoam particles bind tdoubbles in the liquid phasby heterocoagulation
which leaves at least one hydrophobic particle on the bubble vallthese
bubbles rise they coalesce with other bubbles forming secondary bubbles. As the
secondary bubbles grow the buoyancy force exceeds the yield stress of the foam
resulting in the bubble rising quickly through the foam and bursting ratpasi
nitrogeninto the headspad@elton 1999

Excessive foaming and the formation of a significant layer of foam can lead to
cell death due to the effects of excessive hydrodynamic shear stress due to
bubble bursting. Also cells that are attached to bubbles carntsehe foam

layer and remain stuck there no longer passing through the rest of the bulk
culture. This is particulaylthe case in serum free medi&hanget al, 1992

Cells that remain in the foam layer become deprived of essential nutrients and

gaseghat are found in the bulk culture which leads to cell death.

It is known that excessive amounts of antifoam can have toxic effects on cells
and they can also compound the damaging effect of direct sparging on cells
(Zhang et al, 1992)Hence the amoundf antifoam additions should be just

enough to clear the formation of foam.

4.6 Cell protection

Before the advent ofchemically defined animal component free media
(CDACFM), mammalian cell culture media was supplemented with serum. The
presence of seruim media offered advantages and disadvantages, however one
of its benefits was that it provided some protection to cells from shear forces
(Van der Valk et al, 2010). In the absence of serum, PlurcBig, & noronic,
synthetic polymeric surfactant, isdded to cell culture media to provide

protection to the cells against shear forces (Stoll et al, 198RX)ronic F-68
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works by reducing the amount cell to bubble attachment there¢oreducing the
number of cells that are exposed to the shear forcestingsfrom bubble
bursting.This occurs because Pluroni€B interacts with cells reducing the cell
surface hydrophobicity therefore reducing the hydrophobic attachment of the cell
to the bubble (Ghebeh et al, 2002).

4.7 Gas delivery evaluation

This setion presents a set of batch fermentatioasried out to evaluate the
optimal gas delivery mechanism for the MBR system. The directly driven MBR
was used as it provided faster mixing times and a higleeaka matched P/V of
20.5 W/n? compared to the ngaetically driven MBR all cultivations were
carried out in duplicatdn all the following batch cultivations, the pressure in the
gas taps was regulated to ensure testwas delivered to the system gentle
burstswhere applicableTable 42 summarises the reactor configurations that

wereevaluated

11z Omar AFRamadhani 2015



Table 4.2 Summary of the reactor configurations used in optimising the gas
delivery to the directly driven MBR system.

Reactor configuration

Cultivationmode

Single, fedbatch

c
o
';;3 ‘;‘5‘ Impeller Direct and magnetically driven
3 -% Sparger type Singular opening 0.31 cm diameter
= [}
;&3 K - Direct sparging (100 mil/min)
£ Gas delivery - Pressure unregulated
- 100% enriched oxygen enabled

G) - - . - -
% Cultivation mode Duplicate batch cultivations
o~
& R | Impeller Direct driven
() <
% é Sparger type 90 um sintered sparger
= 5
e 3 - Direct sparging (50 ml/min)
g— Gas delivery - Pressure regulated delivery
o - Enriched oxygen disabled
% Cultivationmode Duplicate batch cultivations
—
2N Impeller Direct driven
:ﬂ’ q’

c . . .
% kS Sparger type Singular opening 0.31 cm diameter
[N S]
g ) - Direct sparging (100 ml/min)
o Gas delivery - Pressure regulated delivery
[a) - 40% enriched oxygen on demand
.§ Cultivation mode Duplicate batch cultivations
[&]
(]
@ Impeller Direct driven
.9 ~~
g 2 Sparger type Surface aeration

< ; -
8 - Surface aeration (200 ml/min)
3 Gas deliver - Pressure regulated delivery
5 y - 40% andL00% enriched oxygen on
n

demand
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47. 1 90 em sintered sparger

The desirability of achieving a high & in cell culture has been discussed
(introduction Section 1)7 One way of increasing & is by delivering gas

through small bubbles as they represent a higher surface area to volume ratio and
therefore in total a great amount of gas will be transferred into the culture,

resulting in efficient gas transfer. An effective way of producing small gas

bubbles is to utilise a sintered or porous metal sparger. The sintered sparger
provided with the prototype MBR had a pore & o f 15 em and pr
extremely small bubbles. In water, this sparger design was practical as the small
bubbles did not create a significant amount of foaming, however when utilised in
CD-CHO media, foaming was excessive almost immediately upon sparging

even at low gas flow rates (04051 vvm). The foaming was so excessive that

foam had risen to the top of the vessel and was flowing through the outlet tubing

upon seconds of gas sparging. As a result cell culture was not conducted with the

15e m s p asrthg excessive foaming would have required almost constant
addition of antifoam. I nstead a sintereiq
utilised and operated at an airflow rate of 50 mL/min (0.17 vvm). A lower

airflow rate was used for this sparger dadig reduce foam formation, however

foaming did occur and had to be controlled wattdaily addition of antifoam

(I ml or 0.003 v/v). Although the bubbles produced were larger than those
produced using a 15 em pore wmadleta t he bu
those produced by the other sparger desggdin this trial.
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Figure 48: Growth profiles of duplicate batch cultivations in the MBRs

using a 90 em $CQtfeoredMBR ak ged?d.; VCC for
culture viability for MBR 1 § ) and cel |l culture wviabil
Operated at an airflow rate of 50 mL/min (0.17 vvm). Process parameters are
detailed in Sections 2.5 and 2.6.

It is clear from he growth profiles in figure 4,8 t hat the 90 em sint
did not provideadequate cell culture conditions. Both the duplicate cell cultures

did not perform well with little cell growth until 120 hours. In MBR 1, growth

improves after this point but is still minimalhe culture does grow at a steady

rate until 240 hours peakirag 2.2 x 16 cells/ml and with a culture viability of

93%. In MBR 2, the VCC shows a very slight increase throughout the entirety of

the culture peaking at 0.48 x “l@ells/ml at 134 hours with no growth or

significant cell death after this point. At 2#@urs when the culture was stopped

the culture viability was 75%. It i's cl e
sintered sparger is not suitable for operation with the CYO01 cell line used.

Although the culture maintained relatively high cell viabilitydughout, the

poor growth was most likely caused by the shear effects of the small bubbles
bursting. The shear stresses exerted on the cells may not have been enough to
rupture the cells but may have provided enough stress to inhibit cell division and

arrest growth.

Researchers have also reported another limitation in using microspargers like the

one utilised in this cultivation. To support the same VCC, microspargers are

11¢€ Omar AFRamadhani 2015



required to use almost 10 times less gas flow than larger macrospargersnThis ca
lead to a reduction in C@emoval as the fine bubbles saturate with, GQickly

and the large reduction in bubble volume results in a loss eft3s transfer
efficiency (Czermak et al, 2009 and Ozturk, 20IBhis could have led to a
build-up of metabolically produced G@hich couldhaveadverselympacedon

cell growth(refer to section 4.3.1.2)

16.5

(em)

16.0 -

15.5 4

di ameter

15.0 -

Cel |

14.5 A
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0 24 48 72 96 120 144 168 192 216 240
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Figure 49: Cell diameter measurements of duplicate batch cultivations in the

MBRs wusing a 90 ¢ @ell diameterdor eMBRs plar (g)r .and
di ameter for MBR 2 (VY). Cel I-CEELiase was
described in Section 2.7.

As stown in figure 49 the cell diameter profiles diverge in the early stages of the
culture between 0 and 48 hours. However, after 72 hours the profiles become
similar until around 160 hours. After this point the profiles diverge again with the
cells in MBR 2 becoming on avaga smaller than those in MBR 1. This could be
due to poorer cell viability in MBR 2 indicating that the cells were dying and

hence leading to cell shrinkage (refer to Fi@) 4.

4.7.2 Direct spargingi 0.31 cm opening sparger

This configuration utilise@ sparger with a hollow shaft and hole with a diameter
of 0.31 cm. The shaft bends at the bottom forming a right angle ensuring that the
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hole faces the impeller which directs sparged bubbles into the impeller zone
(refer to Fig. 410). The pictures belovghow that there is good bubble mixing
within the impeller region and that bubbles are evenly distributed at the top of the
liquid surface. This is consistent with the fact that theesgshas a low mixing

time of 6seconds at 400 rpm. This should ensueg tfas mixing is as efficient

as possible as the gas enters the impeller zone and is then effectively distributed

to the rest of the culture.

Direct sparging results in higher& however the effects of this mechanism of
sparging on the cells is unknow@enerally speaking the creation of bubbles can

lead to detrimental effects on cell viability and it is clear that this was the case

when wusing a 90 &m s iha bubbieg deatsdpuaingcpe r .

0.31cm diameter opening are much larger andckeshould reduce the shear
effects on the cells. The bubbles produced using this sparger did not produce a
significant amount of foam, resulting in the culture requiring only two additions
of antifoam of 1 ml throughout the cultivation (at 144 and 192rhjhis culture

the gas inlets that contained oxygen were atmospheric air and 40% enriched
oxygen. Initially only the air inlet was enabled and the enriched oxygen was
disabled due to low oxygen demand in the early stages of the culture. The
enriched oxyge was only enabled for MBR 1 at 216 hours as the system could
no longer maintain the DOT within the lower end of the deadband around the
DOT setpoint. MBR 2 did not quite reach the same maximum VCC as MBR 1

making oxygen enrichment unnecessary.
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Figure 410: Image of the MBR vessel filled with 300 ml CBCHO media
being sparged with air. This configurdéion consisted of direct driven agitation
(410rpm) and direct spargingasthe singular opening 0.31 cm diametparger
shaftwith a gas flow rate of 200 ml/min

8 g 100

+ 90
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+ 60
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1 40

+ 30

+ 20

Viable cell concentration (x 10° cells/mL)

+ 10

0 2;1 4é 7‘2 9‘6 léO 11‘14 lé8 152 2‘16 21‘10 Zé4 2é8 3120
Time (hours)
Figure 4.1: Growth profiles of duplicate batch cultivations in the MBRs
using a 0.31 cm diameter singular opening sparger sparging directly into the
culture. VCC f or MBR 1 ( DJ ; VCC foiityftdlBR 2 (VY
MBR 1 (06) and cell culture viability for
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switched on for MBR 1 at 216 hours. Process parameters are detailed in Sections
2.5 and 2.6.

Both the cultures in MBR 1 and MBR 2 performed sintyigrefer to Fig. 4.1L

MBR 1 reached a maximum VCC of 7.0 xX’I@lls/ml at 213 hours and MBR
reached a maximum VCC of 6:510° cells/ml at 239 hours. Viability for both
cultures remained above 90% until 260 hours after which culture viability for
both cultures dropped alptly to below 10%. This occurred because the glucose
concentration in both cultures was exhausted leaving the cells with no energy
source resulting in rapid cell death (refer to Fid3%t.. Thfer MBR 1 was
0.024 K" and 0.022 H for MBR 2 (calculagd using a serbgarithmicplot as
discussed in Section 42). The IVCC for MBR 1 till 260 hours was 39 x 10
cells.day/mLand 34 x 1Bcell day/mL for MBR 2.
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Product concentration (g/L)
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0 2‘4 4‘8 7‘2 9‘6 1é0 14‘14 158 1552 2i6 24‘10 264 288
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Figure 412: Product concentration profiles of duplicate batch cultivations in
the MBRs using a 0.31 cm diameter singular opening sparger sparging upto
40% enriched oxygen into the culture Protein concentration profiles for MBR

1 (D), MBR 2 (Yy). Antasuledudiyg HEL&Casdetailledr at i on
in Section 2.15.

Both the cultures produced virtually the same product titres with MBR 1
producing 0.58 g/L and MBR 2 prodng 0.59 g/L (refer to Fig. 4.)2
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Figure 413: Glucose concentration profiles of duplicatébatch cultivations in

the MBRs using a 0.31 cm diameter singular opening sparger sparging up to

40% enriched oxygen into the culture.Glucose concentration profiles for

MBR 1 ( DJ and MBR 2 (Y). Gl ucose <concer
NOVA Bioprofile as described in Section 2.8.

As would be expected glucose concentration in both cultures decreases
throughout the culture. As these are batch runs the culture is not replenished with
nutrients resulting in glucose being exhausted from the culture. Th®sglu
concentration in MBR 2 is consistently slightly higher than that in MBR 1 and
this is because the IVCC in MBR 2 was consistently lower than that in MBR 1 at

correspondig time points (refer to Fig. 4.13
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Figure 4.1: Glucose consumption rate pofiles of duplicate batch
cultivations in the MBRs using a 0.31 cm diameter singular opening sparger
sparging up to 40% enriched oxygen into the cultureGlucose concentration
profiles for MBR 1 ( D) and MBR 2 (Y).
using he NOVA Bioprofile as described in Section 2.8. These rates were
calculated by dividing the glucose consumed per day by the delta IVCC per day.
Delta IVCC is the IVCC for a specific day and the IVCC is the sum of the delta
IVCC for each day.

25

= = g
o 3 o
. . .

Lactate concentration (g/L)

o
o

o
*

0 24 48 72 96 120 144 168 192 216 240 264 288 312

Time (hours)

Figure 4.5: Lactate concentration profiles of duplicate batch cultivations in

the MBRs using a 0.31 cm diameter singular opening sparger sparging up to

40% enriched oxygen into the culture Lactate concentration profiles for MBR

1 (D2 and MBR 2 é&tigh) was nheasarédausirgg the BlOVAe nt r
Bioprofile as described in Section 2.8.
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The lactate concentration profiles follow the same pattern with lactate
accumulation until day 7 occurring for both MBRs. After 168 hours there is
lactate consumption which coineisl with reduced culture glucose concentration.
MBR 1 consumes lactate at a faster rate than MBR 2 probably because it has a
lower glucose concentration at the same culture time. These lactate profiles
correspond accurately with the glucose conceptragtrofiles (refer to Figs. 43

and 4.1%. Lactate is produced as a result of incomplete oxidation of glucose by
the glycolytic pathway (Schneider et al, 1996). So, a higher glucose consumption
would result in a higher lactate production rate and hence thkerhig
concentration of lactate throughout the culture until 168 hours in MBR 1. Lactate
can be consumed when there is a low glucose concentratidrgfll, Butler,

2005) and hence the lactate concentration in MBR 1 reduces rapidly after 168
hours when glucasis exhausted from the culture. This phenomenon happens in

MBR 2 for the same reason although at a slower rate.
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Figure 4.5: Cell diameter measurements of duplicate batch cultivations in
the MBRs using a singular opening sparger sparging up to 40% enriched
oxygen into the culture.Ce | | di ameter for MBR 1 ( D2

MBR 2 Cé¢llysigze was measured by using theGELL as described in
Section 2.7.
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The diameter of cells grown in both MBRs was similar throughout the culture
with both MBRs producing simitaprofiles as shown in figure 461As expected
the average cell diameter reduces as the culture starts taedatter time 192

hours.

Cell growth improved using the configuration detailed in this sectibrect
sparging; regulated pressure gas delivery; 40% enriched oxygen) compared to the
initial configurationused in Section 2.(direct sparging; unregulatepressure

gas delivery; 100% enriched oxygerfor the directly driven MBR, growth
improved from a maximum VCC of @x1@ cells/ml inthe initial cultivation to

6.5 x 10° cells/ml and 7.0« 10° cells/ml for the MBR cultivations using this
configuration.Specific growth rates were similar for all three reactors between
0to 72 hours, 0.022 Hrfor the initial cultivation and 0.024 firand 0.022 it

for the cultivations using this configuration. However between 72 to 96 hours
VCC remained fairly constarn the initial cultivation. Between around 96 hours
and 144 hours the specific growth rate in the initial cultivation was 0.011 hr
compared to 0.015 firand 0.016 Ht for the directly driven MBRs used in this
configuration. Gassing of the system eases steadily after the culture reaches
4872 hours as the cells proliferate and require more oxygen. The impact of
gassing the system may have contributed to the reduction in growth rate after 72
hoursin the initial cultivationand may explain why growtwas better using this

configuration.

The main modifications made for the cultivation descrilbetthis section are

detailed below:

a) The initial configuration did not regulate pressure in the gas taps; however in
this configuration pressure was regulageduring that the bursts of gas into
the reactors were more gentle. This would have resulted in lower back
pressure up the sparger shaft which may have resulted in a smaller volume
of cell culture being withdrawn from the bulk culture. The lower pressure
would also minimise potential shear effects of discharging the cells back into

the culture through the sparger shaft.
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b) This configuration only used enriched oxygen when necessary, minimising
its use throughout the culture. When enriched oxygen was enairid,
40% enriched oxygen was used compared to 100% in the initial cultivation.
This provided better DOT control as the use of enriched oxygen can lead to
more frequent DOT spiking. This also reduced the cells exposure to

potentially harmful concentratiord oxygen.

4.7.3 Surface aeration

Surface aeration was carried out to overcome the potential problems caused by
the intermittent nature of ¢hgassing mechanisnsurface aeration has clear
limitations regarding ka with values far lower than thosehieved using direct
sparging (refer to Section 3.4.5). This is wholly due to the gas having to diffuse
from the headspace into the liquid and then being distributed through the culture
via impeller induced mixing. Oxygen concentration gradients withenvssel

could arise resulting in cells potentially entering in and out of areas of the vessel
which have a limited amount of oxygen which could stress the cells. Another
limitation of surface aeration is poorer control of process parameters relating to
DOT and pH as these rely on concentrations of oxygen, nitrogen and carbon
dioxide. As it will take longer for these gases to diffuse into the liquid and then
be adequately mixed in the culture the system will often overshoot and then have
to compensate. Thigrocess will result in less tight control around set points as
the system is not able to respond quickly enough to a change in conditions. The
low k_a this configuration delivers poses a particular problem for meeting the
oxygen demands of the culture peuwlarly when there is a high VCC. To
overcome oxygen limitation at this stage, oxygen enrichment must take place to
compensate for the low & As the system was not configured to blend gasses, a
pre-blended gas canister of 40% oxygen was utilised tuigeooxygen enriched

air. The next increment used was 100% oxygen. It was thought that utilising
100% oxygen could be problematic due to the toxicity of high oxygen

concentration.

This gassing regime entailed using air and 40% oxygen and then remaving ai
and using 100% oxygen when oxygen demand increased. So in the latter stages
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of the culture the system would be receiving 40% and 100% oxygen on demand.
Air was no longer sufficient at 84 hours hence 40% oxygen was turned on to
supplement it. At 130 hourgl0% oxygen was no longer sufficient and hence

100% oxygen was enabled to supplement it leaving the 40% oxygen and 100%

oxygen gas inlets enabled.

The growth curves for both MBR 1 and 2 were virtually identical with MBR 1
reaching a maximum VCC of 8.2 10° cells/ml and MBR2 reaching a
maximum VCC of 7.% 1 cells/ml. Viability for both cultures remained above
90% until around 250 hours after which culture viability for both cultures began
to drop abruptly. This occurred again because the glucose concentration in both
cultures was exhausted leaving the ceiih no energy source resulting in rapid
cel |l de ad for MBR H evase0.027 h and 0.030 H for MBR 2
(calculated using a sertogarithmic plot as discussed in Section 2P The

IVCC for MBR 1 was 53 x 1Dcells.day/mLand 57 x 16 cells.day/mL br

MBR 2 (refer b Fig. 4.17.
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Figure 4.7: Growth profiles of duplicate batch cultivations in the MBRs
operated with surface aerationVCC f or MBR 1 ( D3);celvCC f or
culture viability for MBR 1 (06¥40%and cell
enriched oxygen was enabled at 84 hours and 100% enriched oxygen was
enabled at 130 hours. Process parameters are detailed in Sections 2.5 and 2.6.
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Figure 4.B: Product concentration profiles of duplicate batch cultivationsin

the MBRs operated with surface aeration. Product concentration profiles for

MBR 1 (D and MBR 2 (Yy). Antibody concen
as detailed in Section 2.15.

As was expected both the cultures produced similar product titres with MBR 1

producing 0.49 g/L anMBR 2 producing 0.55/ as shown in figure 4.18

7
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Figure 4.B: Glucose concentration profiles of duplicate batch cultivations in
the MBRs operated with surface aeration Glucose concentration profiles for
batch cultivations MBR o8 c¢n@ptratiannwchs MBR 2
measured using the NOVA Bioprofile as described in Section 2.8.
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Figure 420: Lactate concentration profiles of duplicate batch cultivations in

the MBRs operated with surface aeration Lactate concentration profiles for

batch culttat i on's MBR 1 (D3 and MBR 2 (VY).
measured using the NOVA Bioprofile as described in Section 2.8.
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Figure 4.4: Cell diameter measurement profiles of duplicate batch
cultivations in the MBRs operated with surface aeration Cell diameter
profiles for batch <cultivations MBR 1
measured by using the XMELL as described in Section 2.7.

Both the MBRs produced very similar glucosecentration (refer to Fig. 4]},
lactate oncentration (refer to Figt.20 and cell diamer profiles (refer to Fig.
4.21) indicating good reproducibility of the MBR system.

12¢& Omar AFRamadhani 2015



4.8 Evaluation of the effects of antifoam on cell growth

To eliminate the possibility that antifoam added to the cultures employing direct
spargingmay have contributed to the reduced growth in these cultures, a shake

flask experiment was conducted to evaluate the effects that antifoam can have on

growth. One flask was run as a control with no antifoam addition. The
experimental flask received 0.004v\vof 3% antifoam solution every day from

day 2 onwards which is slightly more than that which would have been added to

the MBR wusing the 90 em sintered sparger
flasks with a culture volume of 300 ml to best mimic th&uwre volume in the

MBR.
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Figure 4.22 Growth profiles for batch flask cultivations run at 37°C, 140

rom and 5% CO,. VCCforcontol f |l ask 1 wi VGCfonfaskant i f oa
with 0.004 vivof 3% antioam added dai telculfure giabityday 2 ()
for cont r odell culiuravialkility¢ 6y &hdsk with antifoa

The growth curves in figure £2are almost identical which would indicate that
the quantity and concentration of antifoam added to the cultures did not have any
effed on growth. Culture viability for both flasks remains above 95% at the end

of the exponential phase at around 192 hours.
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Figure 4.23 Cell diameter measurement profiles of the control and
experimental batch flask cultivations. Cont r o | f | @®erenta(flBdk and e Xx

(). Cell size was measured using theGELL as described in Section 2.7.

The cell size profiles are also similar for both the experimental conditions which
would also indicate that there was no effect orl phlsiology (refer to Fig.

4.23). A metabolite analysis was undertaken at 192 hours (day 7) near the end of
the evaluation (refer to Table 4.3The final metabolite concentration and
osmolality of both culture conditions were very similar again indicating that the

difference in culiire conditions did not have a significant effect.
This evaluation indicates that the quantities of antifoam added to the MBR would

not have contributed to poorer growth as the same concentration of antifoam
added to shake flask cultures did not affecingh.
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4.9 Conclusions

These experiments have shown that the design and operation of different gas

delivery configurations can have profound effects on cell culture performance.

An initial scale comparison was conducted comparing the performance of the
directly and magneticalldriven MBRs and a 5L STR.dBstant P/V was used as

a scaledown criterionwhich also resulted in aonstant mixing time for the

5L STR and the directly driven MBR. There was a significant difference between
the maximumVCC of the 5L STR (9.% 10° cellsil) and both the magnetic and
direct driven MBRs (5.5nd 49 x 1C cells/ml respectively).

The Q of the magnetically and directly driven MBRs were twice that of the 5L
STR (24 vs 12 pg/cell/daywyhen plotting all of the product concentration data
points against IVCC Q, values differed howevewhen lines of best fit were
plotted resulting in a @ of 26 pg/cell/day for the magnetically driven MBR,
21 pg/cell/day for the directly driven MBR and 16 pg/cell/day for the 5L STR.
must be noted that thesg f@ures are estimates and may have a certain degree

of errordue tovariability in the product concentration data.

It was found that the 90 em sintered
line trialled in these experimentCompared to thesintered sparger, the
configuration that involved sparging directly into the culture using the singular
opening 0.31 cm sparger design yielded far better culture performance. |
produced a maximum VCC of 6810° c e | | s / 4qxlof, 0.08 h'leand a
produd titre of 0.58 g/L. Furthermore, the configuration that involved surface
aeration produced even better cell growth reaching a maxt@@of 8.1x 10

cel | s/ mhaof(028hH however it produced a slightly lower titre of
0.52 g/L. Interestinglythe culture that involved direct sparging produced cells
that had a significantly higher cell specific productivity d6 pg/cellday
compared tal0 pg/cellday in the cultivations that employed surface aeration.

The main reglts are summarised in tablet4
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Table 44: Summary of the main performance parameters for each gas delivery
configuration. These figures are averages based on duplicate MBR runs. The
numbers in the bracketse + 1 standard deviation abdleé mean.

. . Maximum VCC 1 .
Configuration (x106 cells/mL) Emax(N™) Titre (g/L) Qp (pg/cell/day
90 e&m s 1.34 NA NA NA
Directsparging| 5 8+ 03§ | 0.023 (+0.001)L | 0.58 ¢ 0.0057 16(x 1.7)
-0.31cm
Surface aeratiof  8.1(x 0.22 0.028 (£ 0.0022 | 0.52 (£ 0.042 10 (x 0.92

The difference in performance between the cultivations operated with the direct
gas sparging method (singular opening 0.31 cm sparger) and cultivations
operated with surface aeration could be due to the effects of the culture being
drawn up the sparger shaft between sparging. This phenomenon could have
stressed the cells by removing them from the controlled environment within the
bulk culture into an uncontrolled and potentially hostile environment within the
sparger shaft. The cells may also have been itagdry shear forces when being
discharged out of the sparger shaft back into théuildue to shear forces

createdby wall of the sparger shaft

The work in this chapter has shown that optimising the gas delivery system of the
directly driven MBRimproved cell growth. These cultivations, however, do not
provide a direct comparison with thBL STR because the optimisation
cultivations were run in batch modehile the initial cultivations (Section 4.2)
were run in feebatch modeIn order to progress thecaledown comparison
work further a direct comparison between the directly driven MBR system and
the 5L STRrun in fedbatch modeat a matched P/V of 20.5 Wiis therefore

required.

As surface aeration in the MBR produced better growth compared tlirdoe
sparging configuratigrthis mode of gs spargings usedin the nextcomparison
cultivation Although operation of surface aerationproduces a different

hydrodynamic environment in the MBR that produced \bdirect sparging in
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the 5L STR;usingsurface aeratiorn a scaledown comparison will evaluate if
the MBR system has the potentialnmatch the performance of the SR and
sustain high cell density culturdéperformance isound to becomparablethen
future work should focus on optimising the MBR dohieve comparable scale

down cultivations using direct sparging.
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Chapt:€ompari soiadfc hf egper ati ons
devel opmemdvahced feeding stra

5.1 Introduction

In chapter 4a scale comparisoof fed-batch culture was carried out in order to
compare the performance of the MBR with the larger 5L STRas seen that
cell growh in the MBR was significantjower than that in the 5L STR. This
chapter will evaluate the performee of an optimised MBR design drawing on
the conclusions made in chapter 4. The optimised MBR gdiilipes surface
aeration as opposed threct gas spargingrefer to &ction 47.3 and 4.9 The
feed utilised in this experiment was 10 x €BIO with suplemented glucose

with a final feed glucose concentrationawbund150 g/L

Fedbatch processes have been for many years the most popular chait&Eor
production. Feeding regimes deveéal over the years rangifgom simple
glucose feeds to moreomplex multinutrient feedsntroduced at different stages

of growth Modern industrial bioreactor processes employ feeding regimes to
prolong culture life andincrease product titres. Feeding regimes are designed to
replenish nutrients that are exhausteom the cell culture, particularly the
carbon energy sourcd-eeding can increase product titres by increasing the
IVCC which is a measure of the total number of cells accumulated throughout
the cultue. This obviously has a directfect on product tite which increases
with higher IVCC at a constant,Qas there are more cells producing product
(Bibila and Robinson1995). The benefits that can be achieved by developing an
effective feeding regime can be significantith product titres potentially

increasing 24 fold from those achieved using batch culture.
It is hence essential to demonstrate that the MBR can facilitatéatet

operation and still be an accurate predictor of cell culture performance at larger

scale.
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5.2 Fed-batch fermentation scale comparison

5.2.1Growth and antibody productivity

All growth profiles in this section are based on duplicated-batch cell
cultivations The growth profiles for the 5L STR and the MBR show good
similarity (refer toFig. 5.1). The maximum VCC for th6L STR was 9.8 x 10
cells/mL and 10.4 x Tocells/mL for the MBR. There was also good similarity in
the IVCC for both the reactors. The IVCC in the 5L STR was 86 % 10
cells.day/mLand the IVCC for the MBR was 76 x %@ells.day/mL The

5L STR reaches itmaximumVCC at237 hours compared 61 hours for the
MBR. Also, feeding is initiated at 168oursfor the 5L STRcompared to 192
hours for the MBR. Both the reactors produced very similar product titres with
the 5LSTR producing 1.05 g/L and the MBR praing 1.07 g/L antibodyréfer

to Fig. 5.2).
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Figure 5.1: Comparison of the fed-batch cell culture growth and viability

profiles of the 5L STR operated with direct sparging and theMBR operated

with surface aeration VCC f or t he 5VCC%®MtRh ¢ zNIBRa n(dy)
and. Cell culture viability forthe 5 LSTRg) and cel | culture

MBR (1). Feeding was initiated for the
the MBR The data points are mean values from duplicate cell culture Eurcs.

bars represent 1 standard deviatiorirom the mean (n=2)The cell culture

method is describeid Sectiors2.5, 2.6 and 2.9
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MUmax for both the 5L STR and directly driven MBR were similagqpfor the
5L STR occured between 0 and 96ours and wa$.029h™ and for the MBR
HmaxOCcuredbetween 0 and 96 hours ands0.024 K (refer to Fig. 5.2
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Figure 5.2 Semklogarithmic growth profile comparisons of the fedbatch 5L
STR operated with direct spargingand the directly driven MBR operated
with surface aeration5L STR (z) .and MBR (VY)

The product titres as well as the growth profiles and IVCC are similar for both
reactor systems which would indicate that thgd®@ both would be quite similar
(seeTable 5.1).As discussed in section 432 Q, can be calculated by plotting
product concetnation vs IVCC (refer to Fig. 8). Using this method the
calculated Qof the MBR wasl6 pg/cell/day and 18g/cell/dayfor the 5L STR

The gowth and productivity datavould indicate that the fedatch MBR
cultivationsoperated with an optimised surface aeration midenot have the
same hostile environment as that produced during the initiatbdezh
comparison cultivation (Section 4.2Howeverthe conditions in théIBR may

have been slightly more hostile than in the 5L STR.
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Table 5.1 Summary of the giwth and productivity performance the MBR and

5L STR. The data points are mean values from duplicate cell culture runs.
Triplicate VCC measurements were carried out daily for each cell culturesaun
the maximum VCC figures reprexst the average of 6 VCC measurementse
numbers in the brackets are £ 1 standard deviation about the mearangks
show a relatively low level of varidily between measurements, therefore
displaying themaximum VCC figures to one decimal place is an appropriate
degree of precisionThere appears to be no significant difference between the
maximum VCC values of the MBR and 5L STR as themealues are wiin

one standard deviation of each other

Directly driven MBR 5L STR
Max VCC (x10° cells/ml) 10.4(z0.6) 9.8(x0.6)
Hmax (™) 0.024 0.029
IVCC (x10° cells.day/mL) 76 86
Max. MAB Titre (g/L) 1.07 1.05
Qp (pg/celliday) 16 13

The size of theells in both the reactors follows a fairly similar trend throughout
the cultivations(refer to Fig. 5.5). The cell size in the 5L STR is however
consistently smaller than that in the MBR. This is particularly the case after 48
hours and again after 288 houfhe larger cell size in the MBR in the early
stages does correspond to slightly slower growth inMB& at the same time
period. The largest difference occurs at 96 hours with the MBR having an
average cell diameter of 1.5 pargerthan that in the 5L STR. This time point
corresponds to the time when the 5L STR enters into the exponential growth
phaseThe MBR appears to enter the exponential growth phase around 24 hours
later. After 240 hours the cell size in the 5L STR drops significantly and remains
lower than that in the MBR. This appears to correspond with the consistently

lower viability found inthe 5L STR after this time point. It is generally expected

13¢ Omar AFRamadhani 2015



that the average measured cell diameter would start to drop at the end of a
cultivation to reflect the start of the death phaSell death at this phase of the
culture is often associated with ggtosis (Arden and Betenbauyg®004). This
occurs when cells are subjected to +ethal stresses that activate a series of
cellular responses which culminate in cell death. At a late stage in the culture the
accumulation of toxins or the depletion of asesgtial amino acid or nutrient is
often the cause of apoptosidowever, whagver the cause of cell death, a
reduction in the measured cell diameter is usual and this is because of the
shrinkage that occurs during apoptosis and also the rupturing thas @i to

the breakdown of the cell membrane.
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Figure 5.5: Comparison of the cell size profiles of the fedbatch 5L STR
operated with direct sparging and the directly driven MBR operated with
surface aeration.The 5L S and fegpatichMB R (G4l) size was
measured using thei\CELL as described in Section 2.7.

5.3 Comparison of process parameter control

Culture pH, temperature and DOT have a significant impact on cell growth,
metabolism and productivity, hence it is important to review profiles of these
process parameters when comparing bioreactor performance. The data in this
section is from one directlgriven MBR cultivationand one 5L STRultivation

from the cultivations described in Section 5.2.
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5.3.1 DOT

Both the MBR and 5L STR were operated with a DOT setpoint of 30% and a
deadband of 10%. Over the course of the cultivation, both bioreactor systems
controlled DOT within their respective deadbands with the exception of a
minimal number of spikes. DOT cootrin the 5L STR was tightest about the
setpointbetween 0 td30 hours after which DOT control drifts further from the
setpoint to around 30 + 5%. This may have been the point during which the
system began to utilise enriched oxygen to cope with thercelté s | ncr ease
oxygen demand during the exponential growth phase. The introduction of
enriched oxygen can make it more difficult for the system to control tightly about
the setpoint due to the increased concentration of oxygen being sparged into the
systemwhich can result in DOT overshoots.

This effect did not occur in the MBR because it was operated using surface
aeration, which would have resulted in a more gradual change to DOT control

due to t he sayThereisnidowevdr, @ gradual reductin average

DOT readings as the culture progresses to reach high cell density. It can be seen

in figure 56A that the DOT readings move closer to the lower end of the
deadband (20% DOT). Thissaused by the cultureds hig
which makeit more difficult for the system to control DOT at the setpoint. For

the directly driven MBR there are three spikes at around 216, 288 and 312 hours

where the DOT deviates markedly from the setpoint. These increased DOT
readings were caudeby the deliveryof air from a syringe during bolus feed

additions. Feed additions campact on DOT levels in miniature scale, surface
aerated bioreactor s, as feeding can di st
2012).
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Figure 5.6 DOT profiles for the fed-batch directly driven MBR operated

with surface aeration and thefed-batch 5L STR. A) data logged every 20
seconds from one MBR to one decimal place B) data logged every 30 seconds
from one 5L STR to one decimal place. Data for the complete 5L STR
cultivation could not be exported from the Biostat BDCU software as the
software is only able to export the first 6,000 data points, which only covers the
first four days of the cultivation. This is a screen shot of a plot produced by the
software for the culation.
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