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Abstract

The production of therapeutic proteins with complex post-translational modifications
is typically performed with suspension adapted mammalian cells, in stirred tank
bioreactors (STRs). In this environment cells are exposed to hydrodynamic forces
derived from both agitation and aeration. An improved understanding of these

forces and the resulting cellular response is therefore critical.

This thesis has characterised the hydrodynamic conditions within a STR using
computational fluid dynamics and investigated the lethal and sub-lethal effects of
this environment on Chinese hamster ovary cells during the production of a
monoclonal antibody. The hydrodynamic forces varied within the vessel, with the
maximum forces being present in the impeller region. Energy of dissipation rates
obtained from single (0.37 W kg*) and multiphase (2.4 W kg™) models were found

to be higher than those previously reported.

Having gained an understanding of the hydrodynamic forces within the bioreactor,
the environment was changed in a systematic manner. To create a bubble and
bubble free environment within the STR direct gas sparged and silicone membrane
aerated systems (SMAS) were used. When cells were subjected to the stress of
gas-liquid interfaces they entered apoptosis at an earlier stage of cell culture, had
decreased F-actin intensity and a modified cell morphology. This had implications
on cell strength and impurity release during primary recovery. The application of
fed-batch mode and mild hypothermic conditions were shown to be beneficial;
delaying the onset of the lethal and sub-lethal effects, enabling higher cell densities
to be obtained, prolonging the culture duration (from 10 days in batch mode to 14
days in fed-batch mode and 20 days using mild hypothermic conditions) and
increasing product titre (from 0.32 g L™ to 0.80 g L™ in fed-batch mode and 1.02
g L™* using mild hypothermic conditions). The vital role of shear protectant agents at
gas-liquid interfaces was highlighted; in absence of Pluronic F-68 cell death
occurred within 24 hours of inoculation, but growth proceeded when using the
SMAS. The glycosylation profile was not significantly affected by the STR
environment, with harvest point being shown to have a greater impact on the

relative abundance of different glycoform.
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Abbreviation Description

Thr Threonine

tm Mixing time

TMB 3,306,5,506 tetramethylbezide
UCL University College London

UHPLC Ultra high performance liquid chromatography

7-ADD 7-amino-actynomycin D
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Nomenclature

Symbols
a

clivC

c

C*

O O 2 O

@ T T
@

IvC

ke

k|_a

9|

ODy
ODO
ODS

qgluc

qlac

Re

tm

Description

Interfacial area

Cumulative integral viable cell concentration
Experimental derived calibration factor
Saturating oxygen concentration
Dissolved oxygen concentration
Bubble diameter

Oxygen diffusivity in water

Impeller diameter

Volume force field

Volumetric gas rate

Gravity vector

Integral viable cell concentration
Turbulence energy

mass transfer coefficient

Oxygen mass transfer coefficient

Mass transfer from gas to liquid

Impeller rotational speed

Optical density of feed at 600 nm

Optical density of well-spun sample at 600 nm

Optical density of sample at 600 nm
Pressure

Power input

Impeller power number
Gassed power input
Volumetric flow rate

Cell specific productivity
Specific glucose consumption
Specific lactate production
Gas constant

Reynolds number
Temperature

Mixing time

Time

Velocity field

Units

m2

cellsd mL™
kg m*

kg m*

m

m?s

m

m’s*

ms?

cellsd*mL?

Lht

pg cell* d*
pg cell* d*
pg cell* d*

JKmol?

day

ms’
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Nomenclature

Symbols
\

\%

VCC

Description

Volume of suspension in a centrifuge
Volume of liquid medium

Viable cell concentration

Cell concentration

cells mL*

cells mL*
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Nomenclature

Greek Symbols
aq

e

Description

Volume fraction of gas phase

Dissipation rate of the turbulent kinetic energy
Turbulent kinetic energy

Kolmogorov or microscale of turbulence
Dynamic viscosity

Viscosity

Specific growth rate

Maximum specific growth rate

Kinematic viscosity
Shear rate

Phase volume fraction
Density

Equivalent settling area
Probe response time
Specific dissipation rate

Liquid diffusivity
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Chapter 1. Introduction

1.1 Thesis objectives and structure

This thesis aims to characterise the hydrodynamic environment within a 5 L stirred
tank bioreactor and the effect that this environment has on the cell physiology,
productivity and product quality of a monoclonal antibody producing Chinese

hamster ovary cell line.

Objective 1: Characterise the hydrodynamic environment within the stirred tank

bioreactors using computational fluid dynamics.

In chapter 3 single phase and multiphase models are used to simulate the velocity,
shear rate and energy of dissipation profiles within the STR vessel. The energy of
dissipation obtained from the CFD simulations is then compared to published

energy of dissipation values.

Objective 2: Characterise the growth profiles from a mAb producing cell line and its

associated non-producing cell line.

Chapter 4 seeks to characterise the growth profile of a GS-CHO cell line in stirred
tank bioreactors and shake flasks grown in fed-batch mode. It also aims to develop

relevant assays to determine the effect of the bioreactor environment on the cell

physiology.

Objective 3: Determine the effects of mild hypothermic, gas-liquid interface and

shear protectant agents on mammalian cell culture.

Chapter 5 aims to investigate the effect of low temperature on cell physiology, cell
productivity, glycosylation profile of the recombinant protein and HCP concentration

during the fed-batch culture.

Chapter 6 aims to determine the effect that gas-liquid interfaces and shear
protectant agent have on cell culture and productivity. Two aeration systems are
used to deliver gas into the culture medium, the systems were used to characterise

the lethal and sub-lethal effects that a bubbled direct gas sparging and a non-
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bubbled environment has upon CHO cell physiology and product quality during
batch and fed-batch culture.

Objective 4. Use the energy of dissipation rate obtained from the CFD simulations
in chapter 3 to correlate the hydrodynamic stress in the bioreactor with the lethal
and sub-lethal effects on CHO cells observed during cell culture in Chapters 4, 5
and 6.

Objective 5: Summarise the overall conclusions and future work for this thesis.

1.2  Production of therapeutic proteins

Over the past 30 years there has been a significant increase in the large-scale
manufacture of therapeutic proteins produced in mammalian cells largely due to
demand for monoclonal antibodies (mAD) as therapeutics (Birch, 2005). Therapeutic
proteins provide an alternative approach in the treatment of several forms of cancer,
multiple sclerosis and immune disorders (Birch, 2005; Shukla and Thdmmes, 2010).
The number of approved biopharmaceuticals in the United States and Europe has
gradually increased. In 2000 there were 84 biopharmaceuticals approved, in 2003
the number increased to 148 products and in 2010 there were 200 products in the
market (Birch, 2005; Walsh, 2010). After vaccines, mAbs are the second group of
biologics in development by pharmaceutical companies (Chadd and Chamow,
2001). mAbs are also the largest and fastest growing category of therapeutic
proteins (Birch, 2005) and in 2008 there were 21 approved monoclonal antibodies in
the United States (Chadd and Chamow, 2001; Birch, 2005; Reichert, 2008).

Therapeutic proteins are widely produced in mammalian cells, and over the last 10
years the titre obtained has increased by an order of magnitude or more (Kelley,
2007). Improvements in cell lines, media composition and feeding strategies, cell
line development and screening strategies and the operating conditions of
bioreactors have contributed to increased protein expression levels and allowed to
achieve product yields of 10 g L™. Besides the increase in protein titre the scale of
mammalian cell bioreactors has also increased up to 25,000 L compared to 10,000
L in 1990 (Kelley, 2007). These improvements have enabled the production of

~60% of all recombinant therapeutics proteins in mammalian cells (Wurm, 2004).
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1.2.1 Mammalian cell line characteristics

Mammalian cells have been adapted to grow in suspension in stirred tank
bioreactors using chemically defined medium. Mammalian cells have the ability to
adjust to different selection and production environments and the capacity to
integrate heterologous DNA in a stable and productive way (Kelley, 2007). The
therapeutic proteins are naturally secreted from the cell into the culture media or in
some cases cells are genetically engineered to mediate the secretion (Wurm, 2004).

1.2.2 Advantages and limitations of mammalian cells

Mammalian cells provide the appropriate post-translational modifications, such as
glycosylation, that are required for secretion, stability and therapeutic efficacy
(Birch, 2005; Jenkins et al.,, 2008). Mammalian cells are capable to grow in
suspension in large-scale bioreactors and have proved to be well suited with
efficient expression system that leads to good productivity. However, mammalian
cell culture is more complex and costly than other expression systems like bacteria
and yeast (Wurm, 1999).

1.2.3 Production of therapeutic proteins in mammalian cells

Mammalian cells have the capacity to express many types of therapeutic proteins
such as mAbs. The production of therapeutic proteins in mammalian cells usually
follows a well established scheme that in general terms comprises by cloning, gene

transfection, selection, screening and process optimisation.

Cells are transfected with the recombinant gene with the transcriptional regulatory
elements. Cell transfection can be either transient or stable. In the case of transient
transfection the foreign DNA is introduced to the host cell but after a period of time
the cell loses the ability to express the protein. In stable transfection the foreign
DNA is integrated into the host genome and maintained throughout many

generations (Wurm, 2004).

With the purpose of identification, selection and amplification two expression
systems are used in CHO cells: glutamine synthetase (GS) and functional
dihydrofolate reductase (DHFR). The expression systems are based on the fact that
some cells are naturally defective in GS or DHFR. The vector encoding for the
recombinant protein also has GS or DHFR marker, as a result non-transformed cells

will not grow in the absence of the appropriate metabolite, whilst the recombinant
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cells with the GS or DHFR gene will survive (Butler, 2005). In the case of DHFR the
selection occurs in the absence of hypoxantine and thymidine and for GS the
selection occurs in the absence of glutamine synthetase (Wurm, 2004; Butler,
2005).

Enzyme inhibitors are used to knock down the cells that have the intrinsic
characteristic of growing without GS or DHFR, methionine sulphoximine (MSX) for
the case of GS and methotrexate (MTX) for the case of DHFR. Inhibitors also are
used for amplification; cells are treated with the corresponding inhibitor repeatedly
and the surviving colonies become resistant to the inhibitor due to the elevated
expression of the DHFR or GS (Wurm, 2004; Butler, 2005).

Screening is carried out to isolate the high producing cell clones. It is a labour
intensive process in which hundreds of cells lines are scanned. The cell lines
suitable for scale-up and manufacture are the high producing, high specific
productivity and fast growing ones (Wurm, 2004). Cell line stability over extended
period of time is also a very important characteristic for manufacturing. During
culture scale-up and product harvest the recombinant cell line must have a stable
expression system i.e. cell growth and expression level of the product. Once the
desired cell line is transfected, isolated and is expressing the therapeutic protein
scale-up process is carried out to achieve the desired large scale manufacture of

the therapeutic protein (Butler, 2005).

1.2.4 Chinese hamster ovary cells

The Chinese hamster ovary (CHO) cell line has been widely used over the last
years in the production of therapeutic proteins, such as hormones, growth factors
and immunoglobulins (Ig) (Birch, 1999). The original cell line was immortalised over
40 years ago and derives from the ovary of a female Chinese hamster (Wurm,
1999; Wurm, 2004). CHO cells karyotype, chromosome structures, gene mapping,
general culture conditions, cell physiology have been studied and characterised
(Wurm, 1999). CHO cells have become the preferred system for the production of
therapeutic proteins as they have proved to be a high yield stable expression
system (Wurm, 1999; Wurm, 2004).
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1.2.5 Production of monoclonal antibodies in CHO cells

The production of mAbs in CHO cells over the last 30 years has been in constant
evolution as shown in Figure 1.1. The first mAbs produced in 1975 where murine
antibodies which have limited application as therapeutics in humans because of the
immunogenicity risk. In order to reduce the immunogenicity in 1984 chimeric
monoclonal antibodies where engineered. These molecules had 66% human and
34% mouse sequences. Between 1988 and 1991 humanised antibodies were
developed; these antibodies only contain between 5 to 10% of murine sequences.
In the mid 1990s antibodies with 100% human sequences were produced (Chadd
and Chamow, 2001).

Figure 1.1 - Schematic representation of evolution of monoclonal antibodies. A: murine, B:

chimeric, C: humanised, D: human. The lighter areas are murine sequences (), the darker areas are

human sequences (A ). Adapted from Chadd and Chamow (2001).

mAbs are Y-shaped molecules that are formed by four polypeptide chains (two
identical heavy chains and two identical and smaller light chains) held together by
disulfide bonds (Figure 1.2). mAbs are glycosylated proteins with high affinity and

specificity that target and neutralise their antigens.
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Figure 1.2 - Schematic representation of an immunoglobulin G (IgG) structure. Fab: fragment

antigen binding, Fc: fragment crystallisable, V: variable region, C: constant region, L: light chain (*), H:
heavy chain (A ), -S-S-: disulphide bond, r glycosylation site. Adapted from Kunkel et al. (2000), Berg
et al. (2006) and Shukla (2007).

The constant region of the heavy chain in mAbs is glycosylated, the light chain
normally is not glycosylated. Glycosylation occurs when an oligosaccharide is
covalently bound to a protein and is classified into two major categories: O-linked
and N-linked oligosaccharides (Harcum, 2006). O-linked oligosaccharide are
attached by an O-glycosidic bond to the protein to either serine (Ser) or a threonine
(Thr) R-group, while N-linked oligosaccharide are bounded to asparagine (Asn)
residue by a N-glycosidic bond; N-linked glycan has a consensus sequence formed
by Asn-X-Ser/Thr where X can be any amino acid except proline (Figure 1.3)
(Harcum, 2006; Hossler et al., 2009). N- and O-glycans are processed within the
endoplasmic reticulum (ER) and Golgi apparatus of the cells by a series of reactions
that involve removal of monosaccharides and chain elongation (Harcum, 2006;
Hossler, 2012).

The sugars that are commonly found in mammalian protein oligosaccharides are
neutral sugars (glucose (Glc), galactose (Gal), mannose (Man), fucose (Fuc), xylose
(Xyl)), amino sugars (N-acetylglucosamine (GIcNAc) and N-acetylgalactosamine

(GalNAc)) and acidic sugars (N-acetylneuraminic (NeuAc)) (Harcum, 2006).
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Asn

Figure 1.3 - N-glycan core structure. Consensus sequence (Asn-X-Ser/Thr) and oligosaccharides:
N-acetylglucosamine (A ), galactose (* ). Adapted from Butler (2005).

1.3 Mammalian cell physi ology

Mammalian cells have a thin semi-permeable bilayer membrane; the lack of a cell
wall makes the cells more sensitive to changes in their environment such as
temperature, pH, nutrients, oxygen, osmolality and hydrodynamic forces. The cell
sizevariesfrom 15 to 20 em, the average doubling t
which makes them vulnerable to microorganism contamination (Griffiths, 1999; Berg
et al., 2006). The nutritional requirements of mammalian cells, like carbohydrates,
amino acids, vitamins, salts and minerals, are quite specific thus the culture media

must be designed to allow the desired performance of the cells.

1.3.1 Cell metabolism and growth

Mammalian cell metabolism consists of chemical reactions catalysed by enzymes,
in which many metabolites are involved as substrates, enzymes, by-products and
products. The metabolites and waste products that have the greater impact in cell
growth and inhibition are glucose, glutamine, lactate and ammonia (Eibl et al.,
2009).

Glucose is the main source for energy production. The main metabolic pathways
involved in glucose catabolism are glycolysis, the tricarboxylic acid cycle (TCA), in
which glucose is catabolised into carbon dioxide, the pentose cycle, where NADPH
is generated and the glycolytic pathway in which adenosine triphosphate (ATP) is
generated (Xie, 2006). Lactate is a major by-product from the incomplete oxidation
of glucose in the glycolytic pathway. Accumulation of lactate in the culture medium

result in an inhibition of cell growth and protein production rate (Eibl et al., 2009).

The metabolism of glucose is strongly influenced by environmental conditions like
temperature, pH and glucose concentration. When the temperature decreases the

consumption of glucose and production lactate rate is reduced (Xie, 2006).
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Increases in pH enhance glucose consumption and lactate production rates (Xing et
al., 2008). Under high lactate concentration the buffering capacity of the medium is
destroyed, hence the pH decreases leading to an undesirable environment (Chen et
al., 2001). The concentration of glucose in the culture medium has an influence on
the consumption rate of glucose, at high concentration of glucose inhibits cell
growth and leads to a significant increase in lactate production (Xie, 2006).

Glutamine is an amino acid that has an important function in cell metabolism, it can
contribute to up to 30% of the total cell energy production during the oxidation in the
TCA cycle (Xie, 2006). Under limited concentration of glucose, glutamine becomes
the major energy source for cell growth, producing lactate as a by-product (Xie,
2006). Ammonia is a by-product of glutamine metabolism affecting the cell growth
rate and maximum cell density cells when it is accumulated in the culture medium.
(Chen et al., 2001). It also been reported that concetration of ammonia between 3
and 9 mM inhibits the N-linked glycosylation and O-linked glycosylation affecting the
glycosylation pattern of the proteins (Butler, 2005; Xie, 2006).

1.3.2 Cell cycle

The cell cycle control system activates essential cell processes such as mitosis and
DNA replication (Alberts et al., 1997; Sunley and Butler, 2010). The control system
has several check points and does not continue into the next step until the previous
one has been completed. The cell cycle is divided into two-phases: M-phase and
interphase which is subdivided into S, G1 and G2 phase (Figure 1.4). During G1 the
cell prepares for replication of the nuclear material (S-phase); in G2 the cell
prepares for cell division. M-phase follows G2 and is the end of the cell cycle, which

results in two daughter cells (Alberts et al., 1997; Sunley and Butler, 2010).
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G1

Figure 1.4 - Schematic representation of the phases of the mammalian cell cycle. Interphase: G1,
S and G2 and M-phase. Adapted from Sunley and Butler (2010) and Berg et al. (2006).

1.3.3 Plasma membrane

The plasma or cell membrane is a bilayer that surrounds the cytoplasm of the cell; it
has selective permeability and is mainly conformed by lipids and proteins. The lipids
in the membrane are small molecules, such as phospholipids, cholesterol and
glycolipids, that have hydrophobic and hydrophilic moieties. The proteins are
embedded in lipid bilayer and perform specific functions such as transport pumps,
channels, receptors, energy transducer and enzymes (Berg et al., 2006).

The plasma membrane is a dynamic, asymmetric, fluid structure. The outer and
inner side of the membrane have different components and enzymatic activities and
the lipids and many proteins in the membrane are in constant lateral motion (Berg et
al., 2006).

1.3.4 Cytoskeleton

The cytoskeleton is a network of protein filaments that extends throughout the
cytoplasm of eukaryotic cells. The function of the cytoskeleton is to provide
structural support and protection for the plasma membrane. The cytoskeleton is
dynamic and has the capability of reorganising itself as the cell shape changes or
undergoes mitosis. It also responds to environmental changes and is responsible
for maintaining the cell integrity during repeated deformations (Pender and
McCulloch, 1991; Ko and McCulloch, 2000). The cytoskeleton is formed by different
regulatory proteins and polymers including actin filaments, microtubules and

intermediate filaments (Fletcher and Mullins, 2010). Actin can be present in two
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forms; as a monomer (G-actin) or a filament (F-actin). Actin filaments are
semiflexible polymers (Salbreux et al., 2012) that are continuously assembled and
disassembled in response to environmental signalling and stress. To respond
quickly cells maintain a pool of G-actin which can be polymerised into F-actin when
required (Ballestrem et al., 1998; Fletcher and Mullins, 2010).

1.3.5 Shear sensitivity properties of mammalian cells

The lack of cell wall makes mammalian cells more sensitive to shear and the shear
effects can be lethal (apoptosis and necrosis) or sub-lethal effects (changes on cell
growth, cell viability, oxygen uptake rate, alterations in cell morphology) (Chisti,
1999; Nienow, 2006). The shear sensitivity is determined by the cell type and size,
the intensity and nature of the shear stress (flow regime, exposure time), growth
environment (pH, temperature, intensity of agitation), growth medium, growth rate
and stage, presence of antifoam and shear protective agents (Pluronic F-68) (Chisti,
1999; Chisti, 2000; Nienow, 2006).

The shear sensitivity of mammalian cells not only has detrimental effects in the
bioreactor it may also affect down stream processing (DSP) performance. Cell lysis,
changes in cell morphology and shear sensitivity may occur in the bioreactor. This
can increasing the intracellular material released into the culture medium which may
affect DSP (Chisti, 1999). Additionally, cells can be damaged during primary
recovery, especially in centrifuges where they are exposed to high levels of shear
stress (Hutchinson et al., 2006; Tait et al., 2009). The cell damage increases the
fine solids content which is undesirable as this will further burden the purification
steps (Hu et al., 2011).

1.3.6 Cell death: apoptosis and necrosis

In the production of therapeutic proteins cell death is a big concern as it limits
productivity, increases proteins in media and challenge DSP. Cell death in STRs
occurs by necrosis or apoptosis and can be caused by different effects such as lack
of nutrients and/or oxygen, accumulation of toxic metabolites, shear stress or a

combination of these factors.
Cell necrosis is a result of abrupt cell damage, it is characterised by the swelling,

rupture of the membrane and release of intracellular material into the media (Table

1.1). Apoptotic death is a regulated physiological process in which the cells respond
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to stress stimuli, activating a cascade of events resulting in cell death (Table 1.1
and Figure 1.5) (Michaels et al., 1991; Chisti, 2000; Arden and Betenbaugh, 2006).
When cells undergo apoptosis the plasma membrane asymmetry is lost, the
membrane is translocated and phosphatidylserine (PS), a phospholipid that is
located in the inner side of the membrane gets exposed to the outer of the cell.
Finally blebs or protrusions are formed in the plasma membrane (Figure 1.5) (van
Engeland et al., 1998).

Table 1.1 - Comparison of the characteristic of cell death by necrosis and apoptosis
Information taken from Arden and Betenbaugh (2006).

Necrosis Apoptosis
Abnormal cell death Programmed cell death
Does not require energy and is Requires ATP and is controlled
spontaneous
Cell swells, inflammation Cell shrinkage, no inflammation
DNA is fragmented into random sizes DNA is fragmented into specific sized
(multiples of 185 bp)
Cell lysis and the integrity of the plasma Plasma membrane remains intact but
membrane is lost undergoes blebbing
Cell contents is release to surrounding Budding off of apoptotic bodies and the cell
environment content is encapsulated

Apoptosis is an aspect of cell physiology that has received significant attention,
because it can be a factor that limits productivity in mammalian cell culture. With the
purpose of prolonging the duration of cell culture and maintaining cell viability higher
for longer periods, two approaches have been taken to inhibit apoptosis (Arden and
Betenbaugh, 2006). One aims to control the intracellular response to external and
internal stress signalling by genetic modification of the cell to over express apoptotic
regulatory proteins. The other approach aims to limit the undesirable activation of
the cellular stress response by controlling the culture environment (Arden and
Betenbaugh, 2006). In order to achieve this the culture medium is fortified and fed-
batch or perfusion systems are used to increase nutrients concentration and reduce
the accumulation of toxic metabolites (Browne and Al-Rubeai, 2010). Additionally a

combination of both approaches is used to limit apoptosis in cell culture.

33



Lourdes Vélez Suberbie Chapter 1

9-9-0-@-%

Figure 1.5 - Schematic representation of the morphological cell changes during apoptosis.

A: Healthy cell receives stress stimuli that initiate apoptosis, B: which leads to nucleus shrinking and
condensation of chromatin, C: in the later stages the membrane is deformed and the
phosphatidylserine is exposed, D: the nucleus is fragmented and E: the cell membrane blebbing.
Adapted from Arden and Betenbaugh (2006).

1.4 Characteristics of mammalian cell culture

Mammalian cells grow in anchorage-dependent systems and have been adapted to
grow free in suspension. Free suspended cells are easier to scale-up and have the
advantage that homogenous conditions can be accomplished in bioreactors, which
allows monitoring and controlling the systems efficiently (Birch, 1999). In order to
achieve the desired productivity, dissolved oxygen tension (DOT), pH levels,
osmolality, temperature, agitation and aeration rates must be optimised (Sandadi et
al., 2011). Real-time monitoring of these parameters allows regulation and recording

of the responses in the growth environment (Sunley and Butler, 2010).

1.4.1 Shake flask

Shake flasks are used in cell culture for cell expansion, media or strain screening,
as they require small volume of material and are relative easy to operate. The
mixing is achieved through centrifugal acceleration, which allows liquid movement
and mass transfer. As the oxygen requirements of mammalian cells are low and
head space aeration is sufficient to sustain the culture. However, shake flasks have

limited on-line control and monitoring (Zhang et al., 2010).

1.4.2 Roller bottles

Roller bottles are cylindrical screw cap bottles whose volume varies between 1 to
1.5 L. Roller bottles are used for cultivation of adherent or suspended cells in small
scale. They are frequently used for adherent cells as they allow easy media
exchange (Guardia, 1999). However, as shake flasks, they lack on-line monitoring

and control.
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1.4.3 Hollow fibre bioreactors

Hollow fibre bioreactors are cylindrical modules, with volume between 2.5 to 1000 L,
filled with thousands of fibres. The fibres consist of structures of a porous material
and a thin membrane layer, where the porous material gives mechanical strength
while the membrane allows selective pass of molecules (Guardia, 1999). The
culture medium is circulated through the module allowing mass transfer, while

aeration is provided via tubes or membranes (Eibl et al., 2009).

Hollow fibre bioreactors are used for cultivation of adherent or suspended cells and
are capable of achieving high cells density. However, there are mass transfer
limitations and pH, temperature and oxygen are difficult to monitor in the immediate

cell environment (Eibl et al., 2009).

1.4.4 Bubble columns and air -lift bioreactors

Fluidised bed bioreactors like bubble columns and air-lift bioreactors are
pneumatically driven systems where bubbles are used to achieve agitation and
aeration (Eibl et al., 2009). The reactor consists of a tall column that is directly
sparged at the bottom. Mass transfer is attained by the ascending bubbles which
produce mixing (Guardia, 1999; Eibl et al., 2009). Air-lift bioreactors have internal
circulation loops that improve the performance of bubble column bioreactors
(Griffiths, 1999).

In comparison to STRs, bubble column bioreactors are mechanically simpler, which
makes them less expensive (Griffiths, 1999; Guardia, 1999). However, bubble
coalescence and high pressure drops can be disadvantages of the system, as well
as their difficulty to scale-up as high buildings are required to fit the vessel (Guardia,
1999).

1.4.5 Rocking bag bioreactor with wave induced motion

The system of wave bioreactors consists of a disposable plastic bags with a volume
from 100 mL up to 500 L placed on a platform (Fenge, 2006). The mixing and
oxygen transfer is achieved by waves generated by the motion of a rocking
platform. This system has the advantage of being disposable, so no cleaning and
sterilisation are required, though the maximum volume of the bioreactor is much

less than the volume of stirred tank reactors.
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1.4.6 Stirred tank bioreactors

In the production of therapeutic proteins stirred tank reactors (STR) are commonly
used to cultivate mammalian cells in suspension. The basic configuration of STRs
includes a gas supply system, stirrer, heating and cooling systems. In addition
temperature, pH, oxygen partial pressure (oxygen/air supply and carbon dioxide
removal) are monitored and controlled throughout the culture (Birch, 1999; Czermak
et al., 2009). The volume of stirred tank reactors varies from 0.5 L to 20 m® and the
vessels can be cleaned in place and sterilised in situ (Kelley, 2007).

1.4.7 Culture modes for the production of monoclonal antibodies
STRs can be operated in batch, fed-batch, continuous or perfusion mode, the

configuration choice depends on the process requirements, product titre and market

needs.
Feed Feed Feed Feed
A B C | D | E ‘
Batch Fed-batch Continuous Perfusion Perfusion w/
cell bleed
| 1 1
l l l v
Harvesi Harvesl Harvest Cell bleed

Figure 1.6 - Schematic representation of the bior eactors operating modes. A: Batch, B: Fed-
batch, C: Continuous, D: Perfusion, E: Perfusion with cell bleed. Adapted from Fenge (2006).

1.4.7.1 Batch mode culture

In batch culture mode the medium and cells are added to the bioreactor (Figure
1.6A) and during the culture period no medium or cells are added or removed, The
liquid volume of the reactor can be considered constant. At the end of the culture all

the content of the reactor is harvested (Czermak et al., 2009).

The cells are seeded at low density and allowed to grow exponentially, while the
nutrients are consumed and metabolic waste products like lactate, ammonium and
carbon dioxide accumulate in the reactor. The maximum cell density is determined
by nutrient depletion or waste product inhibition; typically the maximum cell density
that is about 1 x10° to 2 x10° cells mL™ (Fenge, 2006; Nienow, 2006). The culture

time usually is between 7 and 10 days and is determined by cell density, cell
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viability, accumulation and stability of the product in the reactor. Batch mode is a
simple, robust, reliable process, and fairly easy to scale-up, however the product
yield is not very high due to the accumulation of toxic metabolic products (Czermak
et al., 2009).

1.4.7.2 Fed-batch mode culture

In fed-batch mode (Figure 1.6B) cells and medium are added to the reactor as in
batch culture mode. Throughout the culture nutrients are added to prolong the cell
growth, maintain cell viability, minimise cell death, increase product formation and
reduce the formation of undesirable metabolites. The volume in the bioreactor
increases because no cells or supernatant are removed during the culture period,
except form small sampling volume. The content of the bioreactor is harvested at
the end of the culture (Xie, 2006; Czermak et al., 2009).

The feeding strategy aims to minimise the formation of toxic metabolites such as
ammonium and lactate. In order to achieve this, key nutrients like glucose and
glutamine are added to the culture and maintained at low levels throughout the
culture this ensure the efficient utilisation. The feeding strategy allows prolonging
the culture duration, increases up to 10 fold cell density and integral viable cell
concetration compared to batch culture and higher product formation (Fenge, 2006).
The fed-batch culture duration is between two or three weeks and the cell density
achieved is ~2 x107 cells mL™*,(Fenge, 2006).

Fed-batch process preserves the simplicity and robustness of batch process, is
easy to validate and characterise. Higher product yields are obtained, therefore fed-

batch mode is widely used in large-scale manufacturing (Nienow, 2006).

1.4.7.3 Continuous and perfusion culture

In continuous culture the bioreactor is maintained at steady state by prolonged
feeding and harvesting. The volume in the bioreactor is maintained at constant
level. It is important that the bioreactor is well mixed to ensure that the concentration
of cells, nutrients and product inside is equal to the concentration in the effluent
(Czermak et al., 2009). When the cell growth is limited by a single nutrient it is
called chemostat culture (Figure 1.6C). The culture duration is months and the cell

density is between 10° to 10° cells mL™ (Fenge, 2006). The main disadvantages of
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continuous culture are that cell density and productivity are low and after a certain
period of time there is a risk of presenting unstable expression (Fenge, 2006).

Perfusion culture is a variation of continuous culture. In this case fresh medium is
continuously exchanged while cells are maintained (Figure 1.6E) or recycled in the
bioreactor (Figure 1.6E). The culture can be prolonged for months and the cell
density achieved is between 107 to <10° cells mL™. As a result of the higher cell
density very high throughput of product can be obtained (Czermak et al., 2009).
However, accumulation of waste products, nutrient or oxygen limitations occur as in
batch and fed-batch modes. Compared to batch process, perfusion is more complex
and prone to contamination (Fenge, 2006).

1.5 Cell culture characterisation for the production of

monoclonal antibodies

STRs have been widely used in the production of mAbs. STRs are well
characterised in terms of mechanical design and scaling-up parameters, such as
mixing time, power input, oxygen transfer rates and k.a (Micheletti et al., 2006;
Rodrigues et al., 2010). Better understanding of the operating parameters in the
production of mAbs facilitates scaling-up the process leading to increased
productivity and preserving the quality of the therapeutic protein (Rodrigues et al.,
2010).

1.5.1 Aeration systems in stirred tank bioreactors

The aeration system in bioreactors must be able to supply the amount of oxygen
required to sustain the cells during fermentation. The oxygen requirements are
dependent on the cell line and culture conditions. The typical oxygen uptake rate
(OUR) values for mammalian cells are between 3 x 10"° and 2 x 10® mg cell* h™
(Ma, 2006). The oxygen supply can be affected by the ratio of height to diameter of
the vessel, sparger type, impeller design and gas flow rate (Ma, 2006). There are
different ways to deliver gas into the culture medium. The choice of aeration system

depends on the vessel volume and cell line shear sensitivity (Czermak et al., 2009).

1.5.1.1 Oxygen transfer

Oxygen transfer rate (OTR) in the bioreactors is determined by the mass transfer
coefficient (k.a) and the driving force (C'02-Co2). OTR is given by OTR=k,a(C 02-Coy)
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where k_ is liquid phase mass transfer coefficient, a is the interfacial area per
bioreactor volume, C'y, saturation oxygen concentration and Cy, is the dissolved
oxygen concentration (Riley, 2006; Czermak et al., 2009).

k.a is influenced by the size and type of sparger, the superficial gas velocity, the
intensity of agitation, the properties of the gas and culture media and surface
tension (Badino et al., 2001). The typical values for k,a in mammalian cell culture
are between 1 and 15 h™ (Doran, 2004; Nienow, 2006). Most of the correlations for
mass transfer coefficient are determined using pure air in water and the application
is limited for other liquids, presence of cells, bubbles or hydrodynamic forces, thus
k.a in bioreactors is determined experimentally for each set of operating conditions
(Badino et al., 2001).

1.5.1.2 Determination of the mass transfer coefficient (k L a)

The mass transfer coefficient can be determined by the dynamic (Riley, 2006) or
static (Wise, 1951) gassing out method and k.a is calculated from the dissolved
oxygen profile (Riley, 2006). In the dynamic gassing out method the aeration in a
culture is turned off briefly (time=ty, oxygen concentration in steady state = Cqys),
then aeration is turned on again and before it reaches steady state. The oxygen
concentration and time is recorded twice (C; and t;, C, and ty) as shown in Figure
1.7. It is important that the concentration of oxygen does not drop to a point where it

has negative impact on the culture (Coacrit)-
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Figure 1.7 - Schematic representation of the dynamic method for the calculation
transfer coefficient (k a). Adapted from Riley (2006).

The k.a is calculated from the oxygen mass balance
OUR=k_a(C*2-Co2s)

where Cq,s is the dissolved oxygen concentration in steady state.

k.a in steady state is constant over time and it is given by

ac —g 0
h o %1
K 4= QE%_:O 2'§z§
- tz'tl

of the mass

(1.1)

(1.2)

The dynamic method has the advantage that it can be done without altering

significantly the operation of the bioreactor, but its limitation is the slow response of

DO electrodes. The dynamic method also is done with pure water, air or nitrogen

are sparged to reach 100% and 0% of saturation. The bioreactor is sparged with

nitrogen until the dissolved oxygen concentration falls to zero (0% of saturation) and

then sparged with air (100% saturation). The dissolved oxygen tension is monitored

over time. kia is constant over time, so can be calculated from the oxygen mass

balance (Lamping, 2003).

The oxygen balance method is based on the evaluation of the gas-liquid mass

transfer. To calculate the mass balance the oxygen concentrations at the inlet and
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outlet of the bioreactor are measured and the bioreactor has to be operating in
steady state (Lamping, 2003).

The oxygen transfer rate into the medium in steady state is given by

1 QFP.0 &FP.G 9
Mpv@&r 8 B 3 U (1.3)
@} ~in Q ~out U

where N, is the rate of mass transfer into the medium (kg s™), R gas constant
(3 mol™* K™, V volume of liquid medium (m®), F, volumetric gas rate (m®> s™*), T
temperature (K), P, oxygen partial pressure in the gas phase (Pa), in and out gas

streams entering and exiting the bioreactor.

And k. a is obtained from the oxygen mass balance as follows

ka=——2"2—— Na
(C - Cozs)

where k.a is oxygen mass transfer coefficient (h™), N4 is the rate of mass transfer

(1.4)

into the medium (kg s*), C*: saturation dissolved oxygen concentration (mol m™),

Coss: dissolved oxygen concentration in the liquid (mol m™).

The static gassing out method (Wise, 1951) has the advantage that can be done
without altering the operation of the bioreactor as the bioreactor is only filled with
culture media or water, however the slow response of DO electrodes presents a
limitation. The oxygen mass transfer coefficient k_a is calculated as in the dynamic

gassing out method from the oxygen mass balance (equations (1.1) and (1.2)).

1.5.1.3 Surface aeration

Surface aeration occurs when aeration is provided via the headspace into the
vessel and the mass transfer occurs at the surface of the liquid (Fuchs et al., 1971;
Ma, 2006). Surface aeration is used as a mean of aerating small vessels and shake
flasks as they have relative large surface aeration and it is enough to sustain the
oxygen requirements of the culture. However, in larger vessel surface aeration is
not enough to support the oxygen needs of the culture (Ozturk, 1996), so it can be
used in combination with other aeration methods to increase the oxygen transfer

rate (Henzler and Kauling, 1993).
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1.5.1.4 Direct gas sparging

The most common way to supply oxygen into the culture media is direct sparging
with a gas mixture (Henzler and Kauling, 1993; Czermak et al., 2009). The oxygen
transfer rate is determined by the size and type of sparger, superficial gas velocity,
bubble size, intensity of agitation the properties of the gas and culture media like
density, viscosity and surface tension (Badino et al., 2001).

The size of the bubbles is determined by the sparger type for example micro
sparger produce smaller bubbles while open pipe spargers and multihole spargers
generate larger bubbles (Chisti, 2000; Czermak et al., 2009). Bubble size affect the
mass transfer, smaller bubbles have greater interface area, which allows better
delivery of oxygen to the cells suspended in the culture media. In addition small
bubbles have a slow rising velocity in the vessel, which leads to a longer residence
time that allows more time for the oxygen to be dissolved in the culture media
(Chisti, 2000).

1.5.1.5 Membrane aeration systems

Membrane aeration systems are a low shear method to provide aeration into the
vessel (Blackie et al., 1999; Qi et al., 2003). Open-pore membranes allow diffusion
of gas into the culture media without generating bubbles as the gas-liquid interface
remains in the membrane pores (Henzler and Kauling, 1993). Silicone and Teflon
membranes have been successfully used to create bubble free environments in
STRs. The operation of the membrane can quite challenging as the membrane is
prone to blocking and difficulty to clean. In addition, to sustain the oxygen
requirements of the cells during culture large membrane area is required (Czermak
et al., 2009).

1.5.1.6 Carbon dioxide accumulation and remov  al

Carbon dioxide (CO,) is a by-product of cell culture and it also added to the culture
as a pH buffering agent (Birch, 1999). CO, removal must be considered as
accumulation of CO; in the culture medium can affect cell growth, productivity and
product quality (Zhang et al., 2010; Hu et al., 2011). The rate at which CO, can be
removed is dependent on the aeration system. In the case of directly sparged
systems, CO, accumulation is not a big concern as the CO, and O, mass transfer

coefficients are very similar; however, when a silicone membrane aeration system is
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used the CO, mass transfer coefficient is lower than the O,, causing a reduction in
CO; removal (Henzler and Kauling, 1993; Ozturk, 1996; Zhu et al., 2005).

1.5.2 Agitation in stirred tank bioreactors

The purpose of agitation in STRs is to provide motion to the liquid, keep the
suspension homogenous and improve mass and heat transfer rates. Homogeneity
must be achieved to create an optimum environment in the bioreactor to allow cells
access to nutrients and oxygen, eliminate nutrient and temperature gradients and
disperse the gas bubbles in the culture medium (Czermak et al., 2009; Sandadi et
al., 2011).

1.5.2.1 Flow patterns in stirred tanks

The flow patterns in the STRs depend on the design of the impeller, properties of
the liquid, geometry of the vessel. Impellers are classified into radial or axial,
depending on the direction of the liquid leaving the impeller (Doran, 2004).

In radial flow impellers, the blades are parallel to the vertical axis of the stirrer shaft
and tank, for example six-flat-blade disc turbine or Rushton turbine (Sandadi et al.,
2011). The liquid leaves the impeller in the radial direction towards the wall of the
vessel, where it divides in to two streams one that flows to the top of the tank and
another that flows to the bottom of the tank (Doran, 2004).

Axial flow is generated when the impeller blades have an angle of less than 90 to
the plane of rotation, like marine-type impellers, large paddle impeller and
segmented blade impellers (Sandadi et al., 2011). The liquid leaving the impeller
moves to the bottom of the vessel and when the liquid reaches the bottom of the
tank flows up along the wall and then is drawn back to the impeller (Amanullah et
al., 2004; Doran, 2004).

1.5.2.2 Flow regime in stirred tank bioreactors
The flow regime in STRs is usually turbulent with a Reynolds (Re) number above
10*. The Re number is given by

} NP
>

R = (1.5)

where r is the media density (kg m®), p is the media viscosity (Pa s), N is the

impeller rotational speed (s™), D is the impeller diameter (m).
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Turbulent flow is characterised by the formation of eddies, which are regions of
rotational flow throughout the vessel. Larger eddies are broken down into smaller
ones in a cascade event, then the mechanical energy is transformed into thermal
energy and heat that is dissipated into the culture media from the smallest eddies.
Small eddies are known as Kolmogorov (I ) or microscale of turbulence and are a
function of the intensity of the turbulence and the medium kinematic viscosity
(Amanullah et al., 2004; Ma, 2006).

1.5.2.3 Power requirements for mixing in bioreactors

The fluid properties of the cell-media suspension in mammalian cells are similar to
those of water; therefore mammalian STRs are typically operated at low power
inputs (Chisti, 2000; Kelly, 2008). In STRs mixing is usually achieved by electrical
driven impellers, the impeller power requirements for non-aerated fluids is
determined by the liquid properties, impeller type and diameter and stirred speed
(Doran, 2004; Nienow, 2006).

The ungassed power input in STRs is defined by the following equation:
P=Pr ND° (1.6)
where P is the power input (W), P, is the dimensionless impeller power number, r is

the media density (kg m®), N is the impeller rotational speed (s), D is the impeller
diameter (m) (Doran, 2004; Nienow, 2006).

The impeller power number (P,) is dimensionless and is determined by the impeller
type and flow regime. In laminar flow (Re <10°), the power number depends on the
Reynolds number, however, in turbulent flow (Re >10%) the impeller power is only

determined by the impeller type (Doran, 2004).

The power requirements in STRs are reduced when the liquid is sparged with gas,
as the density of the liquid decreases by the presence of bubbles (Amanullah et al.,
2004; Doran, 2004). The gassed power number in turbulent flow is proportional to

the ungassed power input and it is given by:
PuP, uND° 1.7)
where P is the ungassed power input (W), Pg is ungassed power input (W), N is the

impeller rotational speed (s™), D is the impeller diameter (m) (Amanullah et al.,
2004).
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1.5.2.4 Determination of mixing effectively in bioreactors

Mixing time (t,) is commonly used to determine the degree of homogeneity in the
STR vessel. There are different ways to determine the mixing time, such as the
decolourisation (Sieblist et al.,, 2011), temperature or pH method (Nienow et al.,
1996; Nienow, 1997). In these methods the mixing time is determined by the
addition of a tracer into the STR vessel and recording of its concentration until 90%
homogeneity is achieved (Nienow, 2006).

The decolourisation method is based on adding a concentrated coloured solution to
the STR and recording by video or high speed camera the changes in colour until
the colour disappears (Nienow, 1997). In the temperature or pH method a tracer is
added to bulk liquid of the STR and changes in its concentration or temperature are
recorded until a stable concentration or temperature is achieved. For the pH method
the tracers used are concentrated solutions of acid, base or salts (Nienow et al.,
1996) and for the temperature method a small volume of heated liquid is used
(Doran, 2004). To measure the degree of homogenisation across the STR vessel,

several probes are located in different positions and heights of the vessel.

1.6 Strategies to increase product titre in stirred tank

bioreactors

There are different strategies to increase the overall production of therapeutic
proteins and optimisation of process parameters such as dissolved oxygen tension,
pH and temperature is commonly used. These approaches aim to enhance the cell
specific productivity (gp) or the integrated viable cell density (IVC) and in turn the

overall product titre quality (Kumar et al., 2008; Sunley and Butler, 2010).

1.6.1 pHand DOT

Culture pH and DOT have significant influence on cell growth and metabolism. For
that reason monitoring and controlling these parameters during cell culture is
essential (Trummer et al.,, 2006). DOT and pH also have shown to affect the
recombinant protein production and glycosylation profile, therefore these process
parameters have to be optimised and controlled to ensure product quality (Yoon et
al., 2005; Trummer et al., 2006).
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pH biphasic cultivation has been used as a tool to enhance the production of
recombinant proteins as the culture pH affects protein synthesis, transport and
secretion (Borys et al., 1993). In addition, changes in pH may preserve the cell
viability high for a longer period of time, allowing to extented the culture duration
and increase product titre (Borys et al., 1993; Trummer et al., 2006).

Variations in the DOT can influence cell growth and metabolism. When dissolved
oxygen concentration is low, oxygen can be consumed very quickly by the cells and
if it becomes limiting cell death may occur prematurely. However, the effect of DOT
on cell specific productivity appears to be cell line specific (Kunkel et al., 2000;
Trummer et al., 2006).

1.6.2 Temperature

Hypothermic shock is widely used in industry as a strategy to enhance mammalian
cel |l sb6 p@Alnctalc 2008y Tharmalingam et al., 2008). Lowering the culture
temperature to below the physiological temperature of 37°C reduces the culture
growth by controlling cell cycle progression (Kumar et al., 2008; Sunley and Butler,
2010).

Reducing the culture temperature is typically employed during mid or late
exponential phase and arrests cells in the G1-phase of the cell cycle (Kumar et al.,
2008; Marchant et al., 2008). Cells in G1-phase are larger (Bi et al., 2004) and have
a lower glucose consumption, oxygen uptake and lactate and ammonia production
than non-arrested cells (Chuppa et al., 1997; Kumar et al., 2008). Mild hypothermic
conditions (30 to 35°C) also have the advantage of extending the stationary phase
maintaining higher cell viability (Sunley and Butler, 2010) and decreasing the
sensitivity to apoptotic agents (Sakurai et al., 2005). In addition, reducing the culture
temperature increases the dissolved oxygen concentration, which both have been

reported to affect cell metabolism (Chuppa et al., 1997; Al-Fageeh et al., 2006).

It has been reported that the effect of lowering culture temperature on cell specific
productivity is cell line dependent (Yoon et al., 2006; Ahn et al., 2008). In some
cases an increase in cell specific productivity has been observed (Kumar et al.,
2008; Tharmalingam et al., 2008; Sunley and Butler, 2010) while in others the
productivity decreases or remains equal (Chuppa et al., 1997; Yoon et al., 2003a) to

the non-arrested cells.
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1.7 Product quality

In the production of therapeutic protein is essential to demonstrate purity, safety and
efficacy of the final product. In addition, it is important to have a product which is
consistent in all the batches (Hossler et al., 2009). It has been shown that the
bioreactor mode of operation and environment has an effect on the quality of the
recombinant protein (Nam et al., 2008; Hossler et al., 2009; Hossler, 2012) affecting
the structural properties of the final product, such as protein sequence, degree of
glycosylation or aggregation (Jenkins et al., 2008). In addition the profile of
impurities, such as host cell proteins, can be influenced by the bioreactor
environment and length of culture (Bailey, 2007; Shukla et al., 2008), primary

recovery and purification process (Bareither and Pollard, 2011).

1.7.1 Product glycosylation

Glycosylation is an important quality attribute as ~50% of the recombinant proteins
produced in mammalian cells are glycosylated (Butler, 2006). Glycosylation is a
post-translational modification essential to ensure structural stability,
pharmacokinetics, stability of the formulated product and in vivo half-life of the
active molecule (Birch, 2005; Butler, 2006; Marino et al., 2010; Sunley and Butler,
2010). Therefore obtaining a consistent glycosylation profile between batches is

essential to ensure safety and efficacy of the recombinant molecule (Butler, 2006).

The glycosylation profile is influenced by the culture conditions, such as the carbon
source, dissolved oxygen concentration, pH and temperature (Harcum, 2006). For
that reason culture conditions must be precisely controlled and monitored (Hossler
et al., 2009; Reid et al., 2010; Sandadi et al., 2011).

Limitations in carbon sources during cell culture have been shown to affect the
glycosylation profile. Glucose and glutamine are key precursors of glycosylated
proteins, therefore maintaining the concentration of these carbohydrates is essential

to ensure the correct glycosylation of proteins (Butler, 2006; Xie, 2006).

pH and temperature are other culture parameters that have been shown to affect
the degree of glycosylation of recombinant proteins. Variations in the pH of the

medium have shown to change the internal conditions of the cells and affect the
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distribution of glycoforms (Butler, 2006). However, culture temperature in some
cases has shown changes in the abundance of glycoforms while in others remained
unchanged (Hossler, 2012).

The dissolved oxygen (DO) concentration produces changes in the cell metabolism
and glucose consumption (Kunkel et al., 2000). It has also been shown to have an
effect on the glycosylation profile, specifically changing the degree of sialylation and
digalactosyalted glycans (G2), which both have shown to impact the activity of the
glycosylated molecule (Butler, 2006).

1.7.2 Impurities in biopharmaceuticals

The impurities generated in biopharmaceutical processes are generally classified
into product related and process related impurities. Product related impurities are
variants of the product that usually are derived from chemical, biochemical or
structural modifications of the product for example aggregates and oxidised forms of
the product. Process related impurities are derived from the up-stream or down-
stream manufacturing process. These impurities comprise residual host DNA, host
cell proteins (HPCs), reagents used in the fermentation process or components

from down-stream such as column leachates (Bailey, 2007; Shukla et al., 2008).

1.7.2.1 Host cell proteins

Host cell proteins are proteins that are produced and secreted into the medium in
addition to the product of interest (Bailey, 2007). The role of HCPs in the cells can
be either essential, when they are required for cellular growth and metabolism or
non-essential when are only carried as a load. Despite their purpose in the cells
HCPs must be effectively cleared from the final product as they have the potential to

elicit immune response in humans (Shukla et al., 2008; Wang et al., 2009).

The HCP composition and abundance depends on the host expression system
where the biological molecule is being produced such as CHO or E. coli. Every host
system has a unique HCP profile that might vary in each type and strain of cells.
The HCP profile is also related to the way the therapeutic protein of interest is
expressed, for example if it is secreted into the culture media like mammalian cells
or expressed in the cytoplasm or periplasm as inclusion bodies as E. coli (Wang et
al., 2009). The cell culture and harvest conditions also affect the diversity and
abundance of HCPs (Bailey, 2007; Shukla et al., 2008). In addition, the profile of
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HCP depends on the different stages of the downstream manufacturing process
(Wang et al., 2009; Tarrant et al., 2012). Finally the HCP profile depends on the
physicochemical properties of the molecule of interest such as structure, charge,
hydrophobic that might affect the co-purification with the desired protein (Bailey,
2007; Wang et al., 2009).

1.8 Hydrodynamic conditions in stirred tank bioreactors

During the production of therapeutic proteins mammalian cells are exposed to
hydrodynamic stress in the bioreactor. Agitation and aeration generate an
environment where the cells are under continuous stress and potentially can be
damaged (Chisti, 1999; Godoy-Silva et al., 2009a; Hu et al., 2011).

1.8.1 Agitation

The damage of cells in STR bioreactors is caused by cell-cell collision, cell collision
with the vessel walls or stationary surfaces in the vessel, cell collision with the
impeller or by the turbulence experienced within the media (Chisti, 1999). The
degree of cell shear in STR bioreactors is related to the magnitude and the
exposure time to the hydrodynamic force. Across the vessel the hydrodynamic
forces vary, for example 70% of the total energy of dissipation is located in the area
of the impeller which is about 10% of the volume of the vessel (Godoy-Silva et al.,
2009a). In order to reduce the damage caused by the mechanical agitation in
mammalian cell culture low power inputs and pitched-blade impellers (usually 45°)
are commonly used (Chisti, 2000; Ma, 2006; Sandadi et al., 2011).

1.8.2 Aeration

It has been shown previously that bubbles can have a detrimental effect on
mammalian cells (Chalmers and Bavarian, 1991; Lakhotia et al., 1992). The events
that can be responsible for cell damage in sparged bioreactors are the formation of
bubbles at the sparger, bubble detachment, bubble rise though the media, bubble
coalescence and break-up inside the culture broth or the events at the gas-liquid
media interface (foaming) (Chisti, 2000). However, it has been shown that bubble
burst at the liquid-gas interface is the main cause of damage to cells grown in
suspension (Chalmers and Bavarian, 1991; Lakhotia et al., 1992; Clincke et al.,
2011).
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Bubble size, which is determined by the mechanical design of the sparger and the
gas flow rate, has an effect on the cell degree of damage. Smaller bubbles (<2 mm
diameter) have thicker films than larger bubbles (~10 mm diameter), (Chisti, 2000)
therefore when small bubbles burst the cells surrounding the bubble experience
greater hydrodynamic force than when large bubble burst. As the bubble size
decreases (Figure 1.8) the energy of dissipation rate from bubble bursting increases
rapidly (Chisti, 2000; Ma, 2006; Godoy-Silva et al., 2009a). For this reason micro
spargers are not suitable for all cell lines (Qi et al., 2003).

Larger bubbles rise faster in the vessel and carry fewer attached cells to its surface.
When large bubbles reach the surface of the liquid they do not stay as stable foam
for a long period of time and the cells are not retained on the gas-liquid interface. As
mammalian bioreactors are operated at low gas flow and agitation rates the bubble
size in mammalian bioreactors at the sparger and other points in the vessel is pretty
similar (Ma, 2006) and the impellers usually do not break-up bubbles therefore
bubble coalescence and break-up are not big contributors to cell damage (Chisti,
2000). However, it has been shown that bubble burst at the liquid-gas interface is
the main cause of damage in cells grown in suspension (Chalmers and Bavarian,
1991; Lakhotia et al., 1992; Clincke et al., 2011).

1.8.3 Quantification of hydrodynamic forces

Microscale of turbulence or Kolmogrov (I ) is used as a measure of the potential cell
damage. In freely suspended cells it is considered though that the cell damage
occurs when the value is ~10 nm (Ma, 2006). However, Kolmogrov does not have a
direct relationship with the vessel geometry and large-scale flow patterns therefore
the energy of dissipation rate (EDR) is used to quantify the level of hydrodynamic
stress present in the bioreactor (Ma, 2006; Godoy-Silva et al., 2009a; Sieck et al.,
2012). EDR considers the contribution of all the shear components in three-
dimensional flows and can be correlated to the cell death rate. Figure 1.8 shows a
summary of the hydrodynamic conditions in STRs and the lethal and sub-lethal
responses of mammalian cells to specific levels of EDR (Godoy-Silva et al., 2009a;
Sieck et al., 2012).
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Figure 1.8 - Summary of the responses o f CHO cells to the hydrodynamic conditions in
bioreactors. Adapted from Godoy-Silva (2009) and Sieck (2012).

1.8.4 Shear protective agents

The damage associated with bubbles in bioreactors can be reduced by the addition
of antifoam and shear protectant agents, such as Pluronic F-68 (PF-68), to the
culture medium (Kilburn and Webb, 1968; Goldblum et al., 1990; Michaels et al.,
1991; Lakhotia et al., 1992; Platas Barradas et al., 2011). In the presence of these
additives, cells are less likely to be attached to bubbles and therefore be trapped in
the liquid surrounding the bubbles (Garcia-Briones and Chalmers, 1994; Michaels et
al., 1995; Ma, 2006). The source of protective agents can be biological or chemical
(Table 1.2), however the use of biological components for therapeutic proteins is not

common practice nowadays because of the concern of immunogenic responses.

Pluronic F-68 is a non-ionic surfactant that is widely used in cell culture. It has been
proven to protect from shear because in its presence cells seem to be less shear
sensitive. The mechanisms of protection have not been fully elucidated but it is
known that in the presence of Pluronic F-68 plasma membrane fluidity is reduced,
which causes a decrease in shear sensitivity (Ramirez and Mutharasan, 1990;
Clincke et al., 2011). Plasma membrane fluidity is a measurement of the degree of
packing of the membrane; fluidity increases, the shear sensitivity of the cells
increases too (Chisti, 1999; Chisti, 2000). The other protecting mechanism that has
been proposed is that Pluronic F-68 is internalised by the cells and its shear
protection may be derived from the alteration and stiffening of the mechanical
of t (Gigoutekal., R0HS.

properties cytopl asm
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Table 1.2 - Example of shear protectant agents used in mammalian cell cultu re
Information taken from (Chisti, 1999; Chisti, 2000; Nienow, 2006)

Protective agent Source Protective actions Examples
Serum and Biological No long term physiological effect Foetal calf serum
serum proteins Non-specific physical effect, claim Horse serum

reduce plasma membrane fluidity Bovine serum
albumin (BSA)

Pluronic Chemical Physical effect: surfactant effect on Pluronic F-68
the gas-liquid interface, suppress
cell attachment to bubbles

Polyethylene Chemical Physical effect on the surface tension Polyethylene

glycol of the culture media glycol (PEG)

1.9 Evaluation of hydrodynamic conditions in bioreactors using
computational fluid dynamics

Computational fluid dynamics (CFD) is used to model the fluid dynamics. It is a
useful tool to model the fluid motion and characterise engineering aspect in
bioreactors (Jaworski et al., 2000; Davidson et al., 2003; Amano et al., 2008; Kelly,
2008). Single-phase (liquid) models are commonly used to describe the flow
patterns and hydrodynamic stress in different fermentation systems, such as
microwells (Barrett et al., 2010), shake flasks (Zhang et al., 2005), spinner flasks
(Sucosky et al., 2004), roller bottles (Unger et al., 2000), bubble columns and
bioreactors (Bujalski et al., 1997; Jaworski et al., 2000; Singh et al., 2007; Lawrence
et al., 2009). However, increases in computational power have enabled the use of
multiphase systems (Enwald et al., 1996; Kerdouss et al., 2008), which are
becoming more popular as they provide a better understanding of the environment
in the bioreactor since they can be used to model liquid-cells and liquid-gas

interactions (Enwald et al., 1996).

1.9.1 Navier-Stokes equations
CFD simulations are based on the Navier-Stokes equations, which describe the
motion of incompressible fluids (Wilcox, 2006). The physical principles that govern

incompressible and Newtonian fluids are (Davidson, 2004):
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T Newtonds second | aw of motion
f Newtondés | aw of wviscosity, which r
distortion of fluid elements
1 The conservation of mass
When all these principles are applied together a non-lineal partial differential
equation is obtained, this equation governs the motion of almost all fluids. Navier-
Stokes equation describes how the velocity, pressure, temperature and density of a
fluid in motion are related. It represents complex phenomena of the turbulence,

which is simulated by two equation models (Davidson, 2004).

1.9.2 Single and multiphase simulations

The flow field in single phase is described by Navier-Stokes equations. Multiphase
flow is described by Euler-Euler model which is a macroscopic model used to
describe two-phase flow (Enwald et al., 1996). The model is based on averaging the
Navier-Stokes equations phases over volumes and assumes that the two-phases
are interpenetrating and coexist in every point (Enwald et al., 1996; Guha et al.,
2008). Each phase has its associated velocity field and the dynamic of each phase

are described by the continuity equation.

1.9.3 Models of turbulence

Two equation models are based on the Boussinesq eddy viscosity approximation
and the turbulent kinetic energy equation. The eddy viscosity depends on the flow
and it is the resistance of the fluid to form eddies, while the kinematic viscosity is an
intrinsic property of the fluid. The turbulence kinetic equation relates how the energy
is transferred form the larger to the smaller eddies and automatically provides the
turbulence length scale (Wilcox, 2006). Thus two equation models can predict
properties at a particular turbulent flow without previous knowledge of the
turbulence structure (Wilcox, 2006). The most common used models are the k-e

model and the k-w model.

1.9.3.1 k-e model

The first parameter in the k-e model is the kinetic energy per unit mass (k) of the
turbulence and the second parameter is the dissipation per unit mass (e). The main
assumption of the k-e model is turbulent flow (high Reynolds number) and that the

turbulence is in equilibrium with the boundary layer (Wilcox, 2006).
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1.9.3.2 k-w model

As in the k-e model, the kinetic energy of the turbulence is the first term of the k-w
model and the second term is the specific (per unit mass) dissipation rate (w). As
well as k the dissipation rate satisfies a differential equation. The process of
dissipation takes place in the smallest eddies, however w expresses the rate in
which the dissipation of turbulent kinetic energy to the smallest eddies occurs and it
is set by the large eddies (Wilcox, 2006).

1.9.4 Law of the wall

The law of the wall was determined empirically and it relates how turbulent flow near
solid surfaces behaves. Close to the solid boundaries the velocity of the flow varies
logarithmically with the distance from the surface. The wall region is characterised
by large gradients in velocity, therefore for computational simplification the wall

region is treated with approximate methods (Wilcox, 2006).

1.9.5 The finite element method (FEM)

The finite element method is an approximation used in CFD to solve complex
systems of partial differential equations, which have a finite number of unknown
parameters. In order to solve complex structures CFD meshes the structure into a
grid of smaller elements, where the number of nodes determined the number of
components or degrees of freedom (DOF) in the structure. The system of equations
is solved in each element and the unknown variables are obtained at nodes to form

an approximate system of equations of the whole structure.

The FEM uses a numerical approach, like Reynolds averaged Navier-Stokes
(RANS), to approximate the solution at nodes to form an approximate system of
equations of the whole structure. RANS equations solve for the averaged velocity

field and averaged pressure using two equation models of turbulence.
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Table 1.3 - Comparison of the most commonly used models of turbulence

Principles Advantages Disadvantages
Reynolds Solves for the averaged Requires less Provides time
averaged velocity field and averaged computational averaged velocity
Navier-Stokes pressure using two equation time information
(RANS) models of turbulence Robust model
Large eddy The large eddies are computed  Avoids time Requires long
simulation while he smallest eddies are average computational
(LES) modelled. time, but less
Large eddies are influenced than DNS
directly by the boundary Highly complex
conditions, and carry most models

of the Reynolds stress.
Smaller eddies the scale of
turbulence is weaker and

are less critical

Direct The calculations carried out at ~ Avoids time Requires long

numerical length scales smaller than average computational

simulation the Kolmogorov length time

(DNS) scales Highly complex
models

Information taken from: (Davidson, 2004; Wilcox, 2006; Tu et al., 2008).

1.10 Summary

Mammalian cells have been adapted to grow in suspension in stirred tank
bioreactors and are widely used in the production of therapeutic proteins, such as
monoclonal antibodies. Mammalian cells are known to be shear sensitive due to the
lack of cell wall, for this reason bioreactors are operated at low power inputs and
gas flow rates. Agitation and aeration are the main sources of shear in STRs and
create a complex hydrodynamic environment in the vessel. The hydrodynamic
environment in the vessel can be characterised using computational fluid dynamics
and the energy of dissipation can be used as a measurement of the hydrodynamic
stress. The effects of the bioreactor on the cells can be lethal or sub-lethal.
However, there is lack of understanding of the responses of the cells to the

environment of the bioreactor. The shear sensitivity of mammalian cells not only has
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detrimental effects in the bioreactor it may also affect down stream processing

performance.

This work aims to use computational fluid dynamics to characterise the
hydrodynamic environment within a stirred tank bioreactor using a single and a
multiphase model. It seeks to identify the effect that the environment within the STR
has on the cell physiology, productivity and product quality of a monoclonal antibody
producing Chinese hamster ovary cell line and use the CFD model in combination
with cell culture assays to create the basis of a design space for the operation of
STRs.
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Chapter 2. Materials and methods

Experiments were carried using a glutamine synthetase Chinese hamster ovary cell
line (CYO01) expressing an IgG, monoclonal antibody and the associated cell line
with a blank glutamine synthetase plasmid (Null8). Both cell lines were generously
provided by Lonza Biologics, Slough, UK.

2.1 Cells storage and recovery

Cells were stored in liquid nitrogen in chemically defined medium (CD CHO
medium, Life Technologies, Paisley, UK) containing 10% dimethyl sulfoxide
(DMSO) (Sigma-Aldrich, Gillingham, UK). Cells were thawed rapidly and re-
suspended in 9 mL of warm medium, then centrifuged at 450 g for 5 minutes. The
supernatant was discarded and the cell pellet was re-suspended in 5 mL of medium
and added back to 125 mL shake flask containing 20 mL of warm medium. Flasks
were incubated (Sanyo, Loughborough, UK) at 37°C and 5% CO.,.

2.2 Cell culture

2.2.1 Cell maintenance and media

Cells were grown in suspension in 250 mL disposable shake flasks with vent caps
(Corning, NY, USA) with a working volume of 100 mL. Cells were incubated (Sanyo,
Loughborough, UK) at 37°C and 5% CO, on an orbital shaker at 150 rpm (IKA 260,
Wolf Laboratories, York, UK).

Cells were subcultured every 3 or 4 days (up to 25 passages) until required for
inoculation in a chemical defined medium (CD CHO media, Life Technologies). 25
UM methionine sulphoximine (MSX) (Sigma-Aldrich) was added to the culture to

maintain the selection of the recombinant gene.

2.2.2 Stirred tank reactor cultures

Experiments were carried out in two 5 L stirred bioreactors (Biostat B-DCU control
unit, Sartorius, Epsom, UK) running in parallel with a starting working volume of 3.5
L.
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Agitation was provided by a three-blade segment impeller rotating at 260 rpm,
blades were in a 45° angle. Temperature was controlled at 37.0 °0.1°C using an
electrical blanket. pH was controlled at 7.1 °0.1 by sparging CO, or by addition of a
sodium carbonate buffer (100 mM Na,CO; 100 mM NaHCOgj). DOT was
maintained at 30% ° 1% by sparging air, oxygen, or nitrogen at a flow rate of 100 mL
min™ using a horse shoe sparger. The vessel was sterilised at 121°C for 20 minutes,
with 2.0 L of water, which was removed aseptically after sterilisation. Cells were
seeded at a density 2 x 10° cells mL™. The CD CHO medium (Life Technologies)
was supplemented with a 1% (w/v) solution of antifoam C emulsion (Sigma Aldrich).
Metabolites (glutamine, glutamate, glucose, lactate, ammonium), electrolytes
(sodium, potassium) and osmolality concentration were monitored daily using a
NOVA bioanalyser 400 (Nova Biomedical, Deeside, UK). In the case of fed-batch
cultures the bioreactor was fed once a day to maintain a concentration of 2 g L™ of
glucose, using 10 times concentrated CD CHO medium (Life Technologies) with

glucose (Sigma-Aldrich) added to a concentration of 150 g L™.

2.2.3 Shake flask cultures

Shake flask cultures were carried out in 250 mL disposable shake flasks with vent
caps with an initial working volume of 100 mL. Cells were incubated at 37°C and 5%
CO; on an orbital shaker at 150 rpm. Cell density, cell size and glucose
concentration were monitored daily. In the case of fed-batch cultures the flasks were

fed in the same way as the bioreactors.

2.3  Characterisation of cell phy siology

2.3.1 Determination of cell concentration and viability

Cell concentration and viability were determined by haemocytometer (Olympus
IX70, Southend-on-Sea, UK) or by automated cell counting using a Vi-Cell XR
(Beckman Coulter, High Wycombe, UK). Cell counting is based on the exclusion of

trypan blue (Sigma-Aldrich) where viable cells exclude the dye.

2.3.2 Cell size analysis
The average cell diameter was determined using a CASY analyser (Innovatis,
Bielefeld, Germany). CASY was used with a 150 pm orifice, and set to measure up

to 40 um with a 5 times repeat measurement, from which an average was reported.
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10-50 i of culture supernatant were diluted in 10 mL of Casyton buffer (Innovatis)

and then analysed.

2.3.3 Apoptosis assay

Apoptosis was determined using a Coulter Epics XL-MCL Flow Cytometer
(Beckman Coulter, High Wycombe, UK) and an annexin V-FITC/7ADD kit PN
IM3546 (Beckman Coulter). Data was collected and analysed using EXPO 32 ADC
XL Color software (Beckman Coulter). The assay uses two dyes annexin V
conjugated with fluorescein isothiocyante (FITC) and 7-amino-actynomycin D (7-
ADD). Annexin V binds to phosphatidylserine (PS) a phospholipid that is located in
the inner leaflet of the plasma membrane and exposed when the cells undergo
apoptosis (van Engeland et al., 1998). 7-ADD is a viability marker, which has

specificity for DNA guanine-cytosine base pair.

The apoptosis assay was carried out with cells grown in shake flask or STR. Cells
were prepared following the manufacturerods p
the cell culture supernatant was centrifuged (Eppendorf 5415, Cambridge, UK) for 5
minutes at 500 g at 20°C. All the centrifugation steps were carried out under this
conditions. The supernatant was discarded and the cell suspension was washed
with ice-cold phosphate buffered saline (PBS) and centrifuged. The supernatant
was discarded and the cell pellet was re-suspended in 1X binding buffer to a

concentration of 5 x 10°- 10 x 10° cells mL™ and kept on ice.

10 L of annexin V-FITC solution and 20 ni of 7-ADD viability dye were added to
100 i of prepared cell suspension and mixed gently. The tubes were kept in the
dark and incubated on ice for 15 minutes. 400 niL of ice-cold binding buffer were
added to the stained sample and then analysed by flow cytometry within 30 minutes
of staining. The stained samples were excited using 488 nm wavelength a 525 nm
band-pass filter (FL1) used for emission collection of annexin V-FITC and 675 nm
band-pass filter (FL4) used for collection of 7-ADD. Samples were collected for 300

seconds or 10,000 events.

To verify instrument optical alignment and fluidics a flow check (Flow-Check
Fluorospheres, Beckman Coulter) was carried out before every experiment.
To set the flow cytometer gates the following controls were used: negative

(unstained cells), annexin V-FITC single colour samples, 7-ADD single colour
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samples and a positive control. The single colour samples were prepared using the
same method as the double coloured ones The positive control was prepared as
follows, the cell culture supernatant was centrifuged, the cell culture supernant was
discarded and the cells were re-suspended in 3.7% formaldehyde (Sigma-Aldrich)
containing PBS (Invitrogen, Paisley, UK) and then incubated for 30 minutes on ice.
Cells were centrifuged and the formaldehyde buffer was discarded. The cell pellet
was re-suspended in 1X binding buffer to a concentration of 5 x 10°- 10 x 10° cells

mL™, then 100 ni of cell suspension were stained and analysed by flow cytometry.

2.3.4 Cytoskeleton staining

Monomeric actin (G-actin) and filamentous actin (F-actin) were fluorescently stained
and analysed by flow cytometry and confocal laser scanning microscopy (CLSM).
The staining was carried out with cells grown in shake flask or 5 L STR. Cells were
fluorescent stained with Alexa Fluor 488 phalloidin (Invitrogen) for F-actin or

Deoxyribonuclease | (DNase I) Alexa Fluor 488 conjugate (Invitrogen) for G-actin.

Cells were simultaneously fixed, permeabilised, and stained. The cell culture
supernatant was centrifuged for 5 minutes at 500 g at 20°C. All the centrifugation
steps were carried out under these conditions. The supernatant was discarded and
the cell pellet was re-suspended in a solution of 3.7% formaldehyde with 0.2% of
Tween 20 (Sigma-Aldrich) to obtain a concentration of 1 x 10°- 2 x 10° cells mL™. 5
- 10 units of fluorescent phallotoxins were added (25 - 50 ni of methanolic stock
solution) to label for F-actin or 10 nmL of solution of fluorescent DNase | in buffer

were added to label for G-actin.

The stained solution of cells was incubated for 20 minutes at 4°C. The cell
suspension was washed twice in PBS and centrifuged, the supernatant was
discarded and the cell pellet was re-suspended in PBS to a concentration of 1 x 10°

-2 x10°cells mL™.

2.3.4.1 Confocal microscopy

300 ni of 300 nM DAPI (4',6-diamidino-2-phenylindole, dihydrochloride) suspension
were added (Invitrogen) to the washed and stained cell suspension (2.3.4
Cytoskeleton staining) and incubated for 5 minutes at room temperature. 10 ni of
the stained samples were mounted on cover slips and a drop of ProLong Gold

antifade agent (Invitrogen) was added for long term storage of samples. The
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corners of the cover slip were sealed with nail polish. The samples were cured for
24 hours at room temperature in the dark, and then the edges of the cover slip were
completely sealed with nail polish and stored at 4°C. Slides were analysed by a
PerkinElmer spinning disk Confocal microscope (PerkinElmer, Cambridge, UK)
using a 450 nm laser for blue (Nucleus, DAPI) and a 510 nm for green (G and F-
actin, Alexa Flour 488). For visualization of cells a magnification of 100x was used
and the images were obtained by Volocity Acquisition software (PerkinElmer).

2.3.4.2 Flow cytometry

The stained cell suspension prepared in section 2.3.4 was washed once in PBS and
centrifuged for 5 minutes at 300 g at 4°C. The supernatant was discarded and the
cell pellet was re-suspended in PBS to a concentration of 1 x 10°- 2 x 10° cells mL’
! Stained samples were analysed by flow cytometry using a Coulter Epics XL-MCL.
The stained samples were excited using 488 nm wavelength and 518 nm band-pass
filter (FL1) used for emission collection. Samples were collected for 300 seconds or
10,000 events. To verify instrument optical alignment and fluidics a flow check was

carried out before every experiment.

2.3.5 Cell cycle analysis

The cell cycle distribution was determined by flow cytometry using a fluorescent
dye, propidium iodide (PI), which binds to DNA by intercalating between the base
pairs. The cell cycle stage was determined by measuring the DNA content present
in the cell. Cells in G1 have 1 chromosome, cells in G2/M have 2 full sets of

chromosomes and cells; in S-phase the cell prepares the cell for DNA replication.

The cell cycle analysis was carried out with cells grown in 5 L STR and cells were
prepared as follows. The cell suspension was centrifuged for 5 minutes at 500 g at
20°C, all the centrifugation steps were carried out under this conditions unless
otherwise stated, the supernatant was discarded and the cell pellet was re-
suspended in ice cold PBS to a concentration of 5 x 10° cells mL™ and centrifuged.
The supernatant was discarded and the pellet was re-suspended in 70% ice cold

ethanol to a concentration of 5 x 10° cells mL™.
The cells were fixed for 30 minutes at 4°C, and then centrifuged for 5 minutes at

1500 g at 20°C, the supernatant was discarded and the pellet was re-suspended in

0.5 mL of PBS. The cell suspension was centrifuged for 5 minutes at 800 g and

61



Lourdes Vélez Suberbie Chapter 2

20°C. The supernatant was discarded, 75 ni of a 100 nL mL™ of Ribonuclease A
solution (Sigma-Aldrich) was added and incubated for 5 minutes at room
temperature. 0.75 mL of a 50 nL. mL™" PI solution (Sigma-Aldrich) were added and
incubated for 5 minutes at room temperature. The samples were analysed by flow
cytometry using a Coulter Epics XL-MCL. Stained samples were excited using 488
nm wavelength and 675 nm band-pass filter (FL4) used for emission collection.
Samples were collected for 300 seconds or 50,000 events. To obtain the cell cycle
distribution the histogram data file generated was analysed using the Cylchred
program (Cardiff University, Cardiff, UK, Freeware).

2.4  Antibody analysis

2.4.1 Determination of antibody concentration

Antibody concentration was determined using a 1 mL HiTrap Protein G HP column
(GE Healthcare, Buckinghamshire, UK) and an Agilent 1200 high performance liquid
chromatography (HPLC) (Agilent Technologies, South Queensferry, UK). The HPLC
was operated at a flow rate of 2 mL min™, 100 nL of sample were analysed. The
column was washed with a sodium phosphate buffer (10 mM NaH,PO, 10 mM
Na,HPO,, adjusted to pH 7.0). The sample was eluted with a glycine buffer (20 mM,
adjusted to pH 2.8) and the elution peak was measured by UV at 280 nm. The mAb
concentration was determined by integrating the elution peak and using a standard

curve of purified mAb.

2.4.2 Antibody purification

Supernatant samples were taken at different time point of the culture and purified
using 40 puL PhyTyps (PhyNexus, CA, USA), packed with MabSelect SuRe resin
(GE Healthcare, Buckinghamshire, UK). The column was equilibrated with 10
column volumes (CVs) 20 mM sodium phosphate / 150 mM sodium chloride, pH 7.2
and was then loaded to a capacity of 20 ng nL™. The column was then washed with
10 CVs of 20 mM sodium phosphate/ 150 mM sodium chloride, pH 7.2 and eluted
into 1 mL using 0.1 M sodium citrate, pH 3.50. The eluate samples were
immediately adjusted to pH 7.0 with 1.0 M Tris-HCI, pH 9.0 and were frozen. mAb
concentration was measured by UV at 280 nm using NanoDrop 1000

Spectophotometer (Thermo Ltd., Hampshire, UK).
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2.4.3 N-glycan release, labelling, clean -up and analysis

Triplicates of each antibody sample were taken through an in-solution PNGase-F
release protocol according t o-Bib,Rambeaseruf act ur
CA, USA). Briefly, 100 pL of each protein A purified sample, containing
approximately 100 pg of protein, were dried down in a Thermo Savant centrifugal
evaporator (Thermo Ltd., Hampshire, UK) and re-suspended in 35 puL Milli-Q water
(Millipore, Oxfordshire, UK). 10 uL of 250 mM sodium phosphate pH 7.5 and 2.5 pL
of a denaturation solution containing 2% sodium dodecyl sulfate and 1 M beta-
mercaptoethanol, were added to the antibody mix, and the sample heated in a
closed Eppendorf tube at 100°C for 5 min. The samples were cooled and then 2.5
pL of 15% Triton-X100 was added, mixed using a vortexer followed by 2 pL of
PNGaseF solution in 20 mM Tris-HCI, pH 7.5 (0.01 U of enzyme, according to
manufacturer). Samples were incubated at 37°C for 3 hours in order to release the

glycans.

Glycans were enriched and purified using Ludger clean EB10 devices (Ludger Ltd.)
according to the manufacturerés instruction
0.1% trifluoroacetic acid (TFA). The PNGaseF incubated antibody samples were
bound onto the EB10 columns, washed with 0.1% TFA and glycans eluted with 50%
acetonitrile in 0.1% TFA. Samples were dried in the Thermo Savant centrifugal
evaporator. Fluorophore labelling of the released glycans was performed with a
LudgerTag 2-aminobenzamide (2-AB) glycan labelling kit (Ludger Ltd.) according to

the manufacturero6és instructions and as detai

Excess 2-AB reagent was removed from the samples using LudgerClean T1
cartridges on a vacuum manifold system (Ludger Ltd.). Namely, each 2-AB labelled
sample was diluted with 0.2 mL acetonitrile, added to the cartridge, and allowed to
settle into the cartridge over 5 minutes. The cartridge was then washed with 3 x 1
mL of 96% acetonitrile, using the vacuum manifold to pull the wash through the
cartridge. 2-AB labelled glycans were eluted from the cartridge using 0.5 mL Milli Q

water under a slow vacuum (approximately 2 minute elution time).

Samples were dried using the Thermo Savant centrifugal evaporator and then re-
suspended in 100 pL of 78% acetonitrile in water. 25 pL of each sample was
analysed using a Thermo U3000 Ultimate ultra high performance liquid
chromatography (UHPLC) instrument (Thermo Ltd., Hampshire, UK) equipped with
a U3000 fluorescence detector and a Waters ethylene bridge hybrid (BEH) Glycan
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UHPLC column, 2.1mm x 150mm (Waters, Hertfordshire, UK). Gradient conditions

were similar to the manufacturerods instruct
60°C. Solvents were A: 50 mM ammonium formate (Ludger) and B: acetonitrile

(Romil, Cambridge, UK). A gradient was run at 0 - 5 minutes - 78% acetonitrile, 22%

50 mM ammonium formate, 5 - 38.5 minutes - 78% acetonitrile to 55.9%

acetonitrile. A flow rate of 0.5 mL min™ was used. Fluorescence detector settings

were excitation wavelength 330 nm, emission wavelength 420 nm and sensitivity

setting of 8. The chromatogram data was analysed using Chromeleon 6.8 software

(Thermo Ltd.).

2.5 Derived growth parameters

2.5.1 Calculation of maximum specific growth rate
The maximum specific growth rate (mhax) is achieved during exponential phase and

it is defined by:

FTE (2.1)

where x: cell concentration (cell mL™), mspecific growth rate (h™) and t: time (h).

Integrating and applying natural logarithm to equation (2.1) gives the following
equation:

h x=h x+e (2.2)
where x; and x, are cell concentration (cell mL™) at a time interval and time zero

respectively.

2.5.2 Calculation of integral viable cell concentration

The integral viable cell concentration (IVC) is a measure of the viable cell density
over a period of time. It is calculate by the trapezoidal rule as the area under the

IVC curve (equation (2.3)).

ax; - X1 0
IVC, =& (

c 2 - ti'ti-l) (2.3)

Where x is the viable cell concentration (cells mL™) and t is culture time (day).

The cumulative viable cell concentration (cIVC) is calculated as follows:

cVC =3 MC, (2.4)
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2.5.3 Calculation of cell specific productivity

The cell specific productivity (q,) is a measure of the mAb production rate during a
period of time. g, is determined from the linear slope from the plot of product
concentration (pg L™) vs cIVC (cells d mL™). g, (ng cell* d*) and it is calculated
during exponential and stationary phase, where the maximum growth and

production rates are achieved (Chu et al., 2005).

2.5.4 Calculation of specific glucose consumption

The specific glucose consumption (gqc) is @ measure of the glucose consumed over
a period of time. g is determined from the linear slope from the plot of cumulative
glucose consumption (cqgc, calculated with equation jError! No se encuentra el
origen de la referencia. ) (pg L™) vs cIVC (cells d mL™) (Yuk et al., 2011).

gic; = ¢glucosei] -[glucose, ;] + [glucosefeed]) (2.5)

nglc = a. qglci (26)

2.5.5 Calculation of specific lactate production
The specific lactate production rate (gic) is @ measure of the lactate produced over
a period of time. g, is determined from the linear slope from the plot of cumulative
lactate production (cgic)(pg L™) vs cIVC (cells d mL™); and cqisc is given by equation
(2.7).

Op i = ([lact at,é+[bct atig]) 2.7)

2.5.6 Calculation of volume specific productivity
The volume cell specific productivity is a measure of the mAb produced per cell

volume during a period of time. It is calculated with equation (2.8).
volume specific productivity = cell volume x qp (2.8)

The cell volume is calculated considering the cells are spheres, where the average

cell diameter is used to calculate the cell volume.
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2.6 Bioreactor characterisation

2.6.1 Determination of k La

The oxygen mass transfer coefficient (k.a) was calculated using the static gassing
out method as mentioned in (Wise, 1951). The electrode was calibrated to 100% air
saturation by sparging air and to 0% air saturation by sparging nitrogen. k.a was
determined in 5 L bioreactor filled with 3.5 L of water or CD CHO medium,
temperature was controlled at 37°C. Nitrogen was sparged until the level of oxygen
had fallen to zero. The gas supply was then changed to air and the increase in
oxygen concentration was recorded over time. The k.a was determined in culture
medium without and with 1% solution of antifoam C emulsion. Different gas flow

rates and impeller speeds were tested.

2.6.1.1 Calculation of k | a

The estimation of the oxygen mass transfer coefficient (k.a) using the gassing out
method is based on recording the oxygen concentration in a solution when the
bioreactor is aerated and agitated. The static gassing out method is commonly used
because it can be done without altering the operation of the bioreactor (Wise, 1951),
but it is limited by the slow-response of DO electrodes. The probe response time (t;)
is determined by the time that the electrode requires to reach a 63% step change

and if t, << 1/k.a then the probe response time is negligible (Lamping, 2003).

nitrogen on

Oxygen concentration

Time

Figur e 2.1 - Schematic representation of the oxygen profile for the static gassing out method to
determine of k La.
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The oxygen mass transfer coefficient (k.a) is calculated from the oxygen mass
balance (equation (1.3).

dc
OTR :E:kLa(c*-cL) (2.9)

where OTR: oxygen transfer rate (mol m>h™), k.a: oxygen mass transfer coefficient
(h™"), C.: dissolved oxygen concentration in the liquid (mol m™), C*: saturation

dissolved oxygen concentration (mol m™).

k.a in steady state is constant over a period of time (Figure 2.2) usually between
20% and 80% of saturation. k.a is given by:

Ka=_— S G (2.10)

air on

slope=-k a= c,-G

/ t,—t,

Time

Figure 2.2 - Schematic representation of the In(C* -C.) against aeration time where the slope
represents k a.

2.6.1.2 Determination of the mass transfer coefficient

The mass transferatt he gas | iquid interface <can

model (equation (2.12)). The model assumes that mass transfer occurs as the result
of encounters between the gas and the liquid and the mass transfer occurs due to

unsteady mass transfer diffusion. (Lamping, 2003; Dhanasekharan et al., 2005)
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The mass transfer coefficient is given by:

o ~1/2
2 174 42
k. =——(€n)" &6 2.11
g The (2.11)

where k.: mass transfer coefficient (m s™), x: oxygen diffusivity in water (m? s™), e:

turbulent dissipation rate (m® s®), n: kinematic viscosity (m* s™).

The surface area available for mass transfer is given by the following equation:

_ 6a,
d

where a: interfacial area (m?), a,: volume fraction of gas phase, d: bubble diameter

(m).

a (2.12)

2.6.2 Determination of mixing time

Mixing time was determined by adding a concentrated glucose solution (1.83 M) at
a rate of 0.25 mL s to a 5 L Biostat B-DCU bioreactor, with a working volume of 4
L. The impeller velocity was set at 260 rpm. To monitor the glucose concentration
10 mL samples were collected continuously for 3 minutes. The samples were

analysed by a YSI 2700 Biochemistry Analyzer (YSI Incorporated, Hampshire, UK).

2.6.3 Determination of bubble size and number
2.6.3.1 Bubble images

A high speed camera (1280x1024 megapixels) (Nanosense Klll, Dantec Dynamics,
Skovlunde, Denmark) was used to obtain images of the aerated and agitated 5 L
Sartorius STR (filled with 3.5 L of water). The Software DynamicStudio (Dantec
Dynamics) was used to acquire images with an exposure time of 500 ns. 30 images
of the following conditions were taken: constant impeller speed (260 rpm) and
variable gas flow rates (80, 160, 200, 320, 400 mL min™) and a constant gas flow
rate (100 mL min™) and variable impeller speed (0, 87, 130, 260, 520, 780 rpm). In
order to capture the whole vessel two sets of images were taken e.g. impeller and

vortex region.

2.6.3.2 Image analysis

The software ImageJ (U. S. National Institutes of Health, Maryland, USA) was used

to analyse the bubble images.
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The number of bubbles was determined using the plug-i n fAcel |
bubbles in 30 i The

the bubble diameter, as this function allows setting a scale of known distance in the

mages were counted.
image e.g. impeller shaft. 10 images per condition were analysed and in each image

the diameter of 20 bubbles was measured.

2.7 Computational fluid dynamics

The commercial software package Comsol Multiphysics version 4.2a (Comsol Ltd.
Hatfield, UK) was used to simulate the hydrodynamic environment in a 5 L Biostat
B-DCU bioreactor. The dimensions of the vessel and equipment are listed in Table
2.1 and Table 2.2. Due to the non-symmetric shape of the impeller the bioreactor a
three-dimensional model was chosen to represent the vessel geometry (Figure

2.3A). The vessel was modelled up to the final liquid height.

Table 2.1- Dimensions of the 5 L vessel and equipment

Vessel internal diameter 160 mm
Vessel height 345 mm
Number of impellers 1
Impeller shaft diameter 14 mm
Impeller shaft length 315 mm
Impeller diameter 62 mm

|l mpell er distance fr70mm
Number of blades 3

Blade width 20 mm
Blade thickness 2mm
Blade angle 45°
Final liquid height 215 mm

Table 2.2 - Probes and sparger dimensions

Diameter (mm) Length (mm)

pH probe 12 317
Temperature probe 6 316
DOT probe 12 320
Feeding/harvesting tube 6 223
Sparger 8 209
Sampling tube 6 203

69

countero

funct



Lourdes Vélez Suberbie

Chapter 2

K=
v o

»
S

2

= A

\3 (|
s N
PRy

\/

“ WA
v;“.f‘s! 7\
N2
ot

XA
o

a1
< N/ s
A ,4._!&:. X

v

25cm

25cm
Figure 2.3 - 5L STR structure for CFD simulations. A
B: Meshed vessel geometry

: Vessel geometry with probes and sparger,

2.7.1 Finite element method

The finite element method (FEM) is a numerical approach utilised in computational
fluid dynamics (CFD) to approximate the solution of a complex system of partial
differential equations (PDE), which have a finite number of unknown parameters, by
discretisation of the original system i.e. converting into a system of algebraic
equations that are solved simultaneously. In the FEM the structure is subdivided or

meshed (Figure 2.3B) into smaller non-overlapping elements with nodes that
connect adjacent elements. The number of nodes determined the number of
components or degrees of freedom (DOF) in the structure. The system of equations

is solved in each element and the unknown variables are obtained at nodes to form
an approximate system of equations of the whole structure.

In order to solve the equations that govern turbulent flow numerical method used,

one model that it is widely used is Reynolds Averaged Navier-Stokes (RANS).

RANS equations solves for the averaged velocity field and averaged pressure using
two equation models of turbulence such as k-e
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2.7.2 Single -phase simulation

2.7.2.1 Estimation of the velocity, shear rate and energy of dissipation

The swirl flow application within the Comsol Multiphysics 4.2a with k-e turbulence
model was chosen because it provides the basic momentum transport equations.

The model included the three velocity components (radial, rotational and axial). The
simulation was done in single-phase and the fluid properties were the ones of water
at 37°C (r 993 kg m*>, m0.7 x 10 Pa s). The impeller was rotating clockwise at 260
rpm and was considered as sliding wall. The surfaces of the vessel wall and probes
were modelled as solid walls with a logarithmic wall function boundary condition and
the liquid-air interface as slip condition. The vessel was meshed with 154,301
tetrahedral elements. The number of degrees of freedom was 499,238. The solution
took 3 h CPU time on an Intel Dual-Core Pentium Xeon 5560/2.8GHz processor
with 24 Gb of memory. All cores were under load during simulation and 7 Gb out of

24 Gb of memory was allocated for Comsol Multiphysics.

2.7.2.1.1 Parametric sweep

To estimate the hydrodynamic conditions within the vessel at different impeller
speeds a parametric sweep was carried out, the impeller speed was varied from 80
to 430 rpm in 50 rpm intervals.

The vessel was meshed with 154,301 tetrahedral elements. The number of degrees
of freedom was 499,238. The solution took 13 h CPU time on an Intel Dual-Core
Pentium Xeon 5560/2.8GHz processor with 24 Gb of memory. All cores were under
load during simulation and 7 Gb out of 24 Gb of memory were allocated for Comsol

Multiphysics.

2.7.3 Estimation of mixing time

The convection and diffusion application within the Comsol Multiphysics 4.2a was
chosen because it provides the basic mass transport equations. The solution was
obtained in three sequential steps and the solution of the preceding step was used
as the initial guess for the following one. First the velocity profile was simulated as it
is mentioned in section 2.7.2.1. Then a tracer of a known concentration was added
at a constant flow rate for 80 seconds, finally the tracer was stopped and the
simulation was carried out until a homogenous concentration in the vessel was
achieved. The concentration tracer was recorded during the second and third steps
of the simulation. The addition and sampling ports were located in the same position

as in the experiment.
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The impeller was rotating at 260 rpm, the fluid properties for the tracer and the rest
of the liquid in the vessel were the ones of water at 37°C. The surfaces of the vessel
wall and probes were modelled as solid walls with insulation symmetry condition
and the addition port as flux condition (inward). The vessel was meshed with
164,334 tetrahedral elements. The number of degrees of freedom was 499,238. The
solution took 4 h CPU time on an Intel Dual-Core Pentium Xeon 5560/2.8GHz
processor with 24 Gb of memory. All cores were under load during simulation and 7

Gb out of 24 Gb of memory was allocated for Comsol Multiphysics.

2.7.4 Multiphase simulation

The bubbly flow application within the Comsol Multiphysics with k-e turbulence
model was used. The application solves for an average volume fraction occupied by
the two-phases. The fluid properties were considered as water for the liquid phase

and air for the gas phase.

2.7.4.1 Laminar flow simulation

The surfaces of the vessel wall, probes and impeller for the liquid condition used the
same properties as for the single-phase system (section 2.7.2.1) and for the gas
condition no-flux was assumed. The gas boundary condition for the liquid-gas
interface was considered as a gas open boundary and for the sparger orifices as
gas flux. Each sparger orifice had a gas flux of 1.34 x10° kg m? s, which was
calculated from the operating settings gas flow rate of 100 mL min™ and pressure of
1.5 bar. The average bubble diameter (5.0 °© 0.7 mm) was determined using a high

speed camera and the images were analysed with ImageJ (section 2.6.3).

The simulation was solved using Comsol Multiphysics 4.3. The vessel was meshed
with 255,371 tetrahedral elements. The number of degrees of freedom was
1,552,930. The solution took 48 h CPU time on an Intel Dual-Core Pentium Xeon
5560/2.8GHz processor with 24 Gb of memory. All cores were under load during

simulation and 7 Gb out of 24 Gb of memory was allocated for Comsol Multiphysics.

2.7.4.2 Turbulent flow simulation

The surfaces of the vessel wall, probes and impeller for the liquid and gas
conditions were the same properties as for the single-phase system (section

2.7.2.1). The gas boundary condition for the liquid-gas interface and bubble size
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were considered the same properties as for the multiphase laminar flow system
(section 2.7.2.1). The gas flux in each of the 14 sparger holes was 1.34 x10°kg m™
s™ for the gas flow rate of 100 mL min™ and 6.73 x10° kg m?s™ for the gas flow rate

of 500 mL min™.

The simulation was solved using Comsol Multiphysics 4.3a through Amazon Elastic
Compute Cloud (Amazon EC2). The vessel was meshed with 232,870 tetrahedral
elements and the number of degrees of freedom was 2,084,736. The solution took
43 h CPU time for the gas flow rate of 100 mL min™ and 52 h CPU time for the gas
flow rate of 500 mL min™. Both simulations were solved via Amazon EC2 using a
high-memory quadruple extra large instance (m2.4xlarge) with 68.4 GiB of memory
and 26 EC2 compute units (8 virtual cores with 3.25 EC2 compute units each). An

elastic block store (EBS) of 100 GiB was attached and mounted to the instance.
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Chapter 3. Characterisation of the hydrodynamic

environment in the bioreactor

3.1 Introduction

The production of therapeutic proteins with complex post-translational modifications is
typically performed with suspension adapted mammalian cells, in stirred tank
bioreactors (STR) (Nienow, 2006; Zhang et al., 2010). In this environment the cells are
exposed to hydrodynamic forces derived from both agitation and aeration. For that
reason characterising the hydrodynamic conditions within STRs provides valuable

information on the forces that the cells experience during production.

Computational fluid dynamics (CFD) has been widely used to simulate STRs (Davidson
et al., 2003; Torre et al., 2007; Kelly, 2008) as it provides information of the flow field
within the vessel. CFD allows rapid, inexpensive and accurate simulation of the fluid

dynamics in the bioreactor.

This chapter seeks to characterise the hydrodynamic environment within a 5 L Biostat
B-DCU STR using CFD. The commercial finite element solver Comsol Multiphysics
was used to simulate the flow field applying the k-e turbulent model. CFD meshes the
vessel into a grid of smaller elements and uses numerical approach, such as Reynolds
Averaged Navier-Stokes (RANS), to approximate the solution of a complex system of
partial differential equations. A single and multiphase model was used to characterise
the velocity, shear rate and energy of dissipation profiles in a 5 L STR. The energy of
dissipation obtained from the CFD simulations is then compared to published energy of

dissipation data (Figure 3.1).

Energy of
Dissipation
- LLELL N LELLL) I RO B LR LI E LLER T
12‘2 10-1 100 101 102 103 104 105 106 W kg~
S —
Hydrodynamic
Conditions
1
Agitation Agitation Bubble rupture Bubble rupture
mammalian mammalian (6.32 mm) (1.70 mm)

cell bioreactor
(volume average
energy)

cell bioreactor
(maximum local
energy)

Figure 3.1 - Hydrodynamic conditions typically experienced in mammalian cell bioreac
Adapted from Godoy-Silva (2009a) and Sieck (2012).

tors.
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Chapter aims and objectives:

1 Simulate and characterise the hydrodynamic environment within the bioreactor
using computational fluid dynamics.

1 Simulate the energy of dissipation rate within the bioreactor using a single-
phase and multiphase model.

1 Compare the energy of dissipation obtained from the CFD (single-phase and
multiphase models) with literature values.

9 Validate the CFD predictions using mixing time for the single-phase simulation

and k_a for the multiphase simulation.

3.2 Theoretical considerations

Navier-Stokes equations describe the motion of incompressible fluids. The principles of
the Navier-St okes equation are based on Newtonoés
law of viscosity and the conservation of mass (Davidson, 2004). When all these
principles are applied together a series of non-lineal partial differential equation are
obtained, which governs the motion of the majority of fluids. Navier-Stokes equations

consist of the momentum transport equation (3.1) and the continuity equation (3.2)

4%-DChDu+(Du)T)+; () +Pp =F (3.1)

D=0 (3.2)
where r: density (kg m™®), h: dynamic viscosity (kg m™ s™?), u: velocity field (m s™), P:

pressure (kg m™*s?), and F: volume force field such as gravity

Turbulent flow is simulated by a two equation model k-e, where turbulence energy (k) is
given by equation (3.3) and the dissipation (€) is given by equation (3.4). The k-e model
is valid for turbulent flow when the turbulence is in equilibrium with the boundary layer
(Wilcox, 2006). The equilibrium occurs when the turbulence production is similar to the

dissipation energy (Schlichting and Gersten, 2000).
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where r: fluid density (kg m®), h: dynamic viscosity (kg m™*s™), u: velocity field (ms™),
k: turbulence energy (m?s™), e dissipation rate of the kinetic energy (m?s?), Cp, Ce

Ca, Ce, sk are model constants determined experimentally (Wilcox, 2006) and the

values listed on Table 3.1.

Table 3.1 - Model constants

Constant Value
Cm 0.09
Ce 1.44
Cea 1.92
Ce 1.0
Sk 13

The shear rate for incompressible, Newtonian fluids is given in Cartesian coordinates

by the equation below

: ~2 2
2= angU +4W +4HW +2% 8 +2% Mg + o5 W (3.5)
239 X cHz X =

1 ooy,
1-0: OO

1
where 92: shear rate (s) and u, v, w: velocity field (m™*s™) in x, y, z respectively.

The Euler-Euler model is a macroscopic model used to describe two-phase flow, which
assumes that the two-phase are interpenetrating and coexist in every point (Enwald et
al., 1996; Guha et al., 2008). Each phase has its associated velocity field and the

dynamic of each phase are described by the continuity equation.

The bubbly flow application within Comsol Multiphysics is a simplification of a two-
phase fluid model. It assumes that the gas density is negligible compared to the one of
the liquid, the two-phases share the pressure field and the balance between the drag
and pressure forces determine the motion of the gas bubbles relative to the liquid. The

equations that describe two-phase flow are the momentum transport equation, the
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continuity equation and the transport of the volume fraction of the gas, which are
represented by equations (3.6), (3.7) and (3.8) respectively.

o ~

%*Sﬂ udpk) =

- Hd

k & G
2. p =
T %@9 e

k2
0
(3.6)
£ 5 2, .. @
- Pp+D g (4 +dT>§'3“I +Bu, - (@G y g +F
e ~u

where r: density (kg m™), h: dynamic viscosity (kg m™s™), u: velocity field (m s™), p:
pressure (kg m* s?), f: phase volume fraction (m® m?), g: gravity vector, h;: liquid
dynamic viscosity (kg m™ s™), hy: turbulent viscosity (kg m™ s™) and F: volume force

field such as gravity.

&(J-Ifl +Jgﬁg)+DQJ|f|U| +} 4fquy) =0 (3.7)
where r: density (kg m™), u: velocity field (m s™) and f : phase volume fraction (m®m®),
the subscripts Al o0 and fAgd: quantities relat
IJ’lLfg+E)Qf u,)=-m (3.8)
Lt o gUg) = 9| ’

where r: density (kg m™®), u: velocity field (ms™), f: phase volume fraction (m®m™) and

myg, : mass transfer from gas to liquid (kg m3s™h.

3.3 Results

3.3.1 Single -phase simulations of a stirred tank bioreactor

The hydrodynamic conditions in a 5 L Biostat B-DCU STR were simulated using
Comsol Multiphysics 4.2a. The STR is fitted with a three-segment (in a 45° angle)
pitched-blade impeller, rotating at 260 rpm.

3.3.1.1 Hydrodynamic conditions within the stirred tank bioreactors

The velocity profile obtained from the CFD simulation is shown in Figure 3.2, where the
direction of liquid flow is indicated by the arrows. The dominant flow pattern in the
vessel is axial, which is characteristic of impellers with an angle of less than 90°
(Henzler and Kauling, 1993; Doran, 2004). Arrows size is proportional to the magnitude
of the velocity, with the short arrows close to the vessel wall indicating slower liquid

motion and the longer arrows close to the impeller indicating faster liquid motion. The
77



Lourdes Vélez Suberbie Chapter 3

maximum liquid velocities in the STR were located within the impeller region, and
varied at different heights of the vessel. Top, middle and bottom points of the impeller
blade are shown in Figure 3.2 A, B, and C respectively.

The shear rate profile from the CFD simulation is shown in Figure 3.3, using a
logarithm scale to provide a better visual representation of the profile. The maximum
shear rate was located close to the impeller blade. In this region the liquid reached its
maximum velocity and it is within this zone where the cells experience greatest
hydrodynamic stress and are therefore more likely to be damaged.

It has been reported that in rheometers shear rates between 400 - 4000 s™* may cause
necrotic death in mammalian cells (Tanzeglock et al., 2009). The maximum shear rate
obtained from the simulation was below or within the low range of these values (Table
3.1). However, it is important to consider that the exposure frequency of the cells in
rheometers and the STR differs. In STRs cells are exposed to hydrodynamic forces for
a short period of time while in rheometers they are exposed continuously for an

extended period of time (Tanzeglock et al., 2009).
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Log (shear rate)

Figure 3.3 - Shear rate profile from single -phase CFD simula tions. Logarithmic scale of the shear rate
inthe 5 L STR at the middle point of the impeller, which rotates at 260 rpm.

Table 3.2 - Maximum velocity, shear rate and energy of dissipation profiles at three po ints of the
impeller

Impeller location

Top Middle Bottom
Velocity (m s™) 0.47 0.20 0.33
Shear rate (s™) 804 367 723
Energy of dissipation (W kg™) 0.37 0.12 0.07

Energy of dissipation rate (EDR) has been used to characterise the hydrodynamic
forces in STRs (Godoy-Silva et al., 2009b). The energy of dissipation profile in the 5 L
STR is shown in Figure 3.4, where logarithm scale has been chosen to highlight the
regions with higher EDR. Across the vessel the hydrodynamic forces vary and as
previously discussed the impeller region is the area of the vessel with the highest
energy of dissipation. For example, 30 - 70% of the total energy of dissipation is
located within an area of the impeller, which represents approximately 10% of the

vessel volume. However, the exposure time of cells to this environment is short
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because of the high level of liquid renewal in the impeller region (Godoy-Silva et al.,
2009a).

Log (EDR)

i -10

2.5cm

Figure 3.4 - Single -phase CFD simulations of the energy of dissipation profile. Energy of dissipation
rate (logarithmic scale) in the 5 L STR, with the impeller rotating at 260 rpm.

The maximum EDR from the CFD simulation (Table 3.2) was compared to the energy
of dissipation generated in agitated and sparged mammalian reactors reported by
(Godoy-Silva et al.,, 2009a; Sieck et al., 2012) (Figure 3.5). The maximum EDR
obtained from the CFD simulation was higher than volume average EDR of an agitated
mammalian cell bioreactor (Godoy-Silva et al., 2009a), equal to the maximum than
volume average EDR of an agitated mammalian cell bioreactor (Sieck et al., 2012) and
lower than the EDR of bubble rupture reported in literature (Godoy-Silva et al., 2009a).
As it has been reported that the hydrodynamic conditions within STR can have
detrimental effects on mammalian cells (Mollet et al., 2007; Godoy-Silva et al., 2009a;
Sandadi et al., 2011) therefore it was decided to characterise the lethal and sub-lethal

effects of these conditions on suspension adapted mammalian cell.
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Figure 3.5 - Comparison of the energy of dissipation obtained from a single -phase CFD simulations
(i ) and the hydrodynamic conditions in mammalian cell reactors ( A). Adapted from Godoy-Silva

(2009a) and Sieck (2012).

3.3.1.2 Effect of impeller speed on hydrodynamic conditions

In order to identify impeller speed effects on the hydrodynamic environment of the STR
a parametric sweep was carried out; the impeller speed was varied from 80 to 430 rpm
rpm, in 50 rpm intervals. Figure 3.6 shows the effect of the impeller speed on the peak
liquid velocity and maximum EDR in the middle point of the impeller, where the
greatest hydrodynamic conditions are observed. As the impeller speed increases,
velocity and EDR also increases, increasing the hydrodynamic stress within the vessel.
This provides justification for operating mammalian bioreactors at low agitation rates to

prevent cell damage (Nienow, 2006; Zhang et al., 2010).
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Figure 3.6 - Effect of impeller speed on hydrodynamic conditions. The maximum velocity (j ) and
energy of dissipation rate (, ) profiles from a single-phase CFD simulation at the impeller middle point are

shown.

3.3.1.3 Validation of CFD simulation

The experimentally determined mixing time was used to validate the CFD prediction
(Nienow, 1997; Jaworski et al., 2000). The simulation was done with a single-phase
fluid (water at 25°C) and with the STR impeller rotating clockwise at 260 rpm. A tracer
with a concentration of 1800 mol m™ was added to the liquid surface (Figure 3.7A) and
was dispersed in the STR (Bujalski et al., 1997). The concentration profile of the tracer
over time is shown in Figure 3.7A - F. It shows the regions with higher tracer
concentration (Figure 3.7A - C), then the tracer was being dispersed into the bulk of the
liquid (Figure 3.7D - E) until a homogeneous glucose concentration of 6 mol m*® was
obtained (Figure 3.7F). The addition and sampling port in the simulation were located

in the same place as in the STR.
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Figure 3.7 - Mixing time profile using CFD in the 5 L STR.  Tracer concentration at a series of times: 20
s,50s, 80s, 100 s, 140 s and 180 s (A to F respectively). The arrow indicates the addition port of the
tracer. Note, the concentration scales in each figure is different.
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In order to mimic the conditions of the simulation the glucose solution was added
drop wise and its concentration was measured over time. To ensure mixing time
was not affected by the addition point location, the experiment was repeated by
adding the solution was added in two different locations. The arrow in Figure 3.7A
indicates the location of one addition port, the second addition port was situated on
the opposite side of the impeller. In Figure 3.8 it can be seen that the experiment is
reproducible and there was no variation in the mixing time due to the location of the
addition ports and also as the sampling was done continuously the sample
response time is negligible.

The results of the simulation (Figure 3.8) were compared to the data obtained
experimentally (Figure 3.8), showing that there is a good agreement between the

simulation data and the experimental results.
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Figure 3.8 - Comparison of the mixing time determined experimentally and by CFD. Experimental

mixing time was determined in the 5 L bioreactor (Biostat B-DCU bioreactor) by adding concentrated
glucose solution and monitoring its concentration over time. The experiment was repeated by adding
the solution in two different locations (p ,j ) n=3 experiments ° s.d. Mixing time was simulated using a

single-phase CFD model by adding a tracer and recording its concentration over time (%2).
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3.3.2 Multiphase simulations

A multiphase simulation was carried out to account for the hydrodynamic forces
generated in direct gas sparged STRs. The 5 L Biostat B-DCU STR was simulated
with a three dimensional multiphase model using Comsol Multiphysics 4.3 for the
laminar flow simulations and Comsol Multiphysics 4.3a through Amazon Elastic
Compute Cloud for the multiphase simulations. The STR was fitted with a three-
segment (in a 45° angle) pitched-blade impeller rotating at 260 rpm. The fill volume
was 4 L and gas was delivered via a horse shoe sparger, at a flow rate of 100 mL

min’t.

3.3.2.1 Determination of bubble size and number

A high speed Nanosense Klll camera (Dantec Dynamics) was used to determine
the number and size of the bubbles in the 5 L STR at a gas flow rate of 100 mL min’
! and impeller speed of 260 rpm, the standard operating conditions used for cell
culture in this thesis. Examples of the images taken are shown in Figure 3.9. The
size and number of bubbles was determined using ImageJ (U. S. National Institutes
of Health, Maryland, USA). The average number of bubbles in the vessel was 56 °
6. The bubble size remained constant as the bubbles moved up in the vessel (Ma,
2006) and its average size was 0.56 cm ° 0.10. The bubble size and gas flux (1.34
x 10° kg m? s in each of the 14 sparger holes) were used as model inputs for the

multiphase simulation.

Figure 3.9 - Examples of high speed camera images of bubbles in a 5 L STR. The impeller was
rotating at 260 rpm and air sparged at a gas flow rate of 100 mL min™. A - C vortex region, D - F
impeller region. Note, the vortex and impeller region images were taken at different time points.
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3.3.2.2 Hydrodynamic conditions in laminar flow

In order to gain understanding of multiphase simulations a laminar flow two-phase
simulation was carried out. The two-phases considered were air for the gas phase
and water for the liquid phase. The velocity profile from the laminar multiphase
simulation is shown in Figure 3.10. It can be observed that the impeller region is the
area with the highest liquid velocity. The liquid velocity varied across the vessel, for
example the maximum liquid velocity in three different points of the impeller was
0.80 m s™ (top), 0.99 m s™ (middle) and 0.83 m s™ (bottom). There was an increase
in the maximum liquid velocity obtained in the multiphase simulation compared to
the single-phase one. The liquid velocity changed from 0.47 m s™®to 0.99 m s*,
showing that the fluid dynamics in the 5 L STR were affected by the presence of a

gas phase.

velocity (m s)

10.7
10.6
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Figure 3.10 - Liquid velocity profile from a laminar flow multiphase CFD simulation of a5 L STR

with an impeller speed of 260 rpm and gas flow rate of 100 mL min *
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3.3.2.3 Hydrodynamic conditions in turbulent flow

The hydrodynamic conditions in an aerated in a 5 L Biostat B-DCU STR were
simulated using the bubbly flow application within Comsol Multiphysics 4.3a using
Amazon EC2 as described in chapter 2 section 2.7.4.2. The STR is fitted with a
three-segment (in a 45° angle) pitched-blade impeller rotating at 210 rpm, the gas
flow rate simulated was 100 mL min™* (0.03 vvm) and 500 mL min™ (0.14 vvm)

The maximum impeller speed that the multiphase simulation was carried out was
210 rpm compared to 260 rpm from the single-phase model. This difference was
due to a I|limitation in the softwareos
flow regime in the single and multiphase system was turbulent (Re>10,000) the
Reynolds number was calculated and the values obtained were 19,239 and 23,828

for the multiphase and single-phase system respectively.

The liquid velocity profile of the agitated and aerated 5 L STR is shown in Figure
3.11. It can be observed that the middle point of the impeller is where the liquid
reaches its highest velocity. There liquid velocity profile was not significantly
affected by the impeller location as it was observed in the single-phase system
(Figure 3.2). In addition, the presence of bubbles had an effect on the velocity
profile, showing an increase in the maximum velocity from 0.47 m s™ in the single-

phase compared to 0.75 m s™ in the multiphase system (Table 3.2).
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The impeller was rotating at 210 rpm. The velocity profile is shown at the top (A), middle

Figure 3.11 - Velocity profile from multiphase CFD simulations of a 5 L STR.

(B) and bottom (C) point of the impeller.
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The gas fraction profile of the aerated STRs is shown in Figure 3.12, where a
logarithmic scale was chosen as it provides better visualisation of the gas
concentration within the vessel. In Figure 3.12 it can be observed that as time
progresses the volume fraction of the gas within the STR changes until there is a

homogeneous gas concentration within the vessel.

Log (gas fraction) B Log (gas fraction)

-15

25cm -40

Log (gas fraction) D Log (gas fraction)

25cm

Figure 3.12 - Changes in the volume gas fraction multiphase CFD simulations of a 5 L STR (gas
flow rate 100 mL min ). Note, that volume gas fraction scales in the figures are different.

STRs are commonly direct sparged systems and it has been shown that bubbles
have detrimental effects on mammalian cells (Chalmers and Bavarian, 1991;
Lakhotia et al., 1992). Therefore in order to determine the effect that gas flow rate
has on the hydrodynamic conditions within the STRs vessel two gas flow rates were
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simulated. Table 3.3 shows a comparison of the hydrodynamic conditions in the
STR for the gas flow rates of 200 mL min™ and 500 mL min™. The gas velocity and
EDR increased when the gas flow rate was 5 times higher creating an environment
with greater hydrodynamic stress within the bioreactor vessel.

Table 3.3 - Maximum velocity, shear rate and energy of dissipation profiles at two gas flow rat es
in three points of the impeller

Impeller location

Top Middle Bottom
Gas flow rate (mL min™) 100 500 100 500 100 500
Liquid velocity (m s™) 0.64 0.75 0.66
Gas velocity (m s™) 0.74 0.75 1.09 1.10 1.05 1.06

Energy of dissipation (W kg™) 0.37 0.41 2.40 2.46 0.55 0.55

The energy of dissipation within the bioreactor vessel was affected by the gas flow
rate (Figure 3.13). When a 5-fold increase in the gas flow rate gas simulated the
maximum energy of dissipation rate changed from 2.40 W kg*to 2.46 W kg (Table
3.3). A comparison of the EDR is shown in (Figure 3.13) where it can be observed
that the highest EDR is located in the same regions of the STRs for the two gas flow
rates simulated. However, there was greater impact on the EDR when a second
phase was present in the system than when the gas flow rate simulated was
increased showing that direct gas sparging has a great effect on the hydrodynamic
conditions of aerated STRs (Chisti, 1999).
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Log (EDR)

Figure 3.13 - Multiphase CFD simulations of the energy of dissipation profile EDR. Logarithmic
scale of EDR profile in the 5 L STR with a gas flow rate of A: 100 mL min* and B: 500 mL min™. Note,
that EDR scales in the figures are different.
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The maximum energy of dissipation obtained from the multiphase simulations was
compared to the single-phase model and previously reported data. It was observed
that maximum EDR from the multiphase model was higher than EDR in agitated
mammalian cell bioreactor and the single-phase model, but lower than the
maximum EDR of bubble rupture reported in literature (Godoy-Silva et al., 2009a).
Therefore it is important to consider during the design of mammalian bioreactors
how the hydrodynamic environment changed when there are gas-liquid interfaces

present in the system.

CFD
Multiphase
(5LSTR,
210 rpm,
0.03 vvm)

CFD
Single-phase
(5L STR,

260 rpm)

Energy of
Dissipation
I ] LRB LR L LEELL] ] AR R SR ] ¥ LEE R | % LLLER | LA G ] LRBAL ¥ I""'I>
10-2 101 100 101 102 103 104 103 106 W kg~
| S
Hydrodynamic
Conditions
1
Agitation Agitation Bubble rupture Bubble rupture
mammalian mammalian (6.32 mm) (1.70 mm)

cell bioreactor
(volume average
energy)

cell bioreactor
(maximum local
energy)

Figure 3.14 - Comparison of the energy of dissipation obtained from a single and multiphase

CFD simulations ( i ) and the hydrodyna mic conditions in mammalian cell reactors ( A). Adapted

from Godoy-Silva (2009a) and Sieck (2012).

3.3.2.4 Validation multiphase simulation

The experimentally determined oxygen mass transfer coefficient (k.a) was used to
validate the multiphase CFD simulation. Experimentally k.a was determined by the
static gassing out method (chapter 2 section 2.6.1). A range of impeller speeds and

gas flow rates were investigated and the results are shown in the Appendix C.

The average energy of dissipation rate obtained from the multiphase simulation
(0.025 m? s®) was used to determine the mass transfer coefficient. The k. is given
by (2.12))

determined by the product of k. and the specific surface area ((equation (2.13))

Hi gbi ebds mod e | (equation

divided by the volume of the stirred tank bioreactor. The k a predicted was 6.8 ht
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compared to 4 h™ determined by the gassing out method. The estimated k.a was
within the range of the ones determined experimentally (Appendix C) as well as in
the variation range of the empirical correlations reportedbyVan 6t Ri.et (1979)

3.4 Conclusion

Computational fluid dynamics was used to characterise the hydrodynamic
conditions in a 5 L STR. The liquid velocity, shear and energy of dissipation rates
were simulated using a single-phase model and the hydrodynamic forces shown to
vary across the vessel. The region where the maximum forces occurred was within
the impeller region. Mixing time was used to validate simulation, showing good

agreement between the single-phase simulation and the experimental data.

The laminar flow multiphase simulation helped to developed the understanding of
mul tiphase models, as well as testing the sc
dimensional structure with rotating parts and multiple fluid phase system. It was
found that when the multiphase system was simulated there was an increase in the
l iquidds velocity profile, showing that t he

system are different from a non-aerated system.

There was an increase in the EDR of the multiphase phase system compared to the
single-phase system, showing that the presence of gas-liquid interfaces have an
impact on the hydrodynamic environment of the STR. The EDR obtained from the
single and multiphase simulations was compared to previous literature of EDR in
mammalian cell systems. EDR of the single-phase system was within the range of
the EDR reported in mammalian systems, however the maximum EDR of the

multiphase system was higher than previously reported.

It can be concluded that the CFD can accurately simulate the hydrodynamic
conditions in the bioreactor and provide valuable information about the fluid velocity,
shear and energy of dissipation rate within the STR vessel. For this reason the CFD
model can be used for optimisation of the STR operating parameters, as well as
vessel and impeller designs. In addition, the model can be used as a tool for scale-

up/ down of bioreactors.
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Chapter 4. Typical CHO fed -batch STR process and
analytical development

4.1 Introduction

The production of therapeutic protein, such as monoclonal antibodies (mAb), has
increased over the last decades as they provide an alternative approach for the
treatment of diseases such as cancer, infectious diseases and immune disorders
(Birch, 2005; Gresch and Bruenker, 2006). mAbs are usually produced in
suspension adapted mammalian cells and grown in STRs as they can be scaled-up
and efficiently controled and monitored (Birch, 1999; Wurm, 2004; Nienow, 2006). In
order to increase cell density and productivity, fed-batch mode is commonly used in
industry to extend culture length and ultimately to achieve higher product titre
(Nienow, 2006; Xie, 2006).

In order to achieve the oxygen concentrations required for cellular growth and
maintain a homogenous suspension, agitation and aeration are employed in STRs.
However, agitated and aerated systems generate hydrodynamic forces that could
have a detrimental effect on cells (Ma, 2006). Mammalian cells lack a cell wall,
which makes them more sensitive to shear in comparison to microbial cells. The
capacity of mammalian cells to resist deformation is dependent on the
reorganisation capacity of the cytoskeleton (Pender and McCulloch, 1991; Ko and
McCulloch, 2000; Salbreux et al., 2012).

The effect of shear on mammalian cells has been reported to be either lethal or sub-
lethal (Nienow, 2006). Shear sensitivity is determined by cell type and size, intensity
and nature of the shear stress, growth environment, growth medium, growth rate
and stage of growth (Chisti, 1999). Therefore there has been a large body of
reported work on preventing and minimising shear damage in STRs with the aim of
prolonging culture duration of the culture in order to maintain high cell viability for
longer periods and increase productivity (Chisti, 1999; Chisti, 2000; Ma, 2006;
Nienow, 2006).
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Chapter aims and objectives:

1 Characterise the growth profiles of a mAb producing cell line and its
associated non-producing cell line in stirred tank bioreactors and shake
flasks.

1 Determine the glycosylation profile of the mAb produced under standard
operating conditions within a STR to provide a glycoprofile, which will be
used as standard in the following chapters.

1 Develop apoptosis and cytoskeleton assays to determine the effect of the

bioreactor environment on the cell physiology.

4.2 Results

4.2.1 Fed-batch culture characterisation

Stirred tank bioreactors operated in fed-batch mode are widely used in the
production of mAbs, and hence the characterisation of growth profiles is important
to determine variations arising between cultures carried put under the same
operating conditions. In addition, shake flasks are used for cell expansion or when
low volumes of material are required, so characterising the growth in un-controlled

systems is important to study the variations from controlled growth systems.

As part of collaborative investigation a number of fermentations were performed
with Andrew S. Tait and Richard D. R. Tarrant.

4.2.1.1 Cell culture in STRs and shake flasks

Experiments were carried out with a suspension adapted mAb producing GS-CHO
cell line (CY01) and its associated null cell line (Null8). Cells were grown in fed-
batch mode in 5 L stirred tank bioreactors or 250 mL shake flasks using chemically

defined medium.

The growth profile of the mAb producer and null cell lines in STRs was comparable
(Figure 4.1A). The length of exponential phase was the same and they both
reached stationary stage on the same day. The Null8 cells reached a higher viable
cell density and at harvest point the viability was higher, achieving a viability of
~90% compared to ~70% for the CYO01. Additionally some differences in growth

parameters were observed; the maximum specific growth rate (mna), peak cell
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density and glucose specific consumption rate (q,) were higher for the null cell line
(Table 4.1).

When cells were grown in shake flasks, both cell lines had a similar performance
(Figure 4.1B) and showed the same trends in the growth parameters that were
observed in the STRs, for example Null8 cells had higher m,.x and achieved greater
peak cell density than the CYOL1 cells (Table 4.1). In addition, the growth in the

replicate shake flask was shown to be consistent and reproducible.

The main difference observed between the STRs and shake flasks was in viability.
When cells were grown in the STRs there viability remained higher for an extended
period of time, whilst in shake flasks there was a pronounced decrease in cell
viability (Figure 4.1A and B). The viability of the Null8 cells decreased from 95% to
20% on day 12 and from 90% to 25% on day 14 for the CYOL1.

Shake flasks were shown to be a good predictor of growth profile in STRs during lag
and exponential phase of the growth curve, but during stationary and decline phase
showed a poor correlation. The stationary phase in shake flasks was 2 days shorter
compared to the STRs. The viability in the shake flask also dropped more rapidly
than in the STRs and at harvest it was below 30% (Figure 4.1B), whilst in the STRs
viability was ~70% and ~80% for the CYO1l and Null8 respectively (Figure 4.1A).
The main difference in the growth of two systems is derived by the lack of pH and
DOT control in the shake flasks, which eventually limits cell growth (Bareither and
Pollard, 2011).

Bioreactors allowed the maintenance of higher viability during the culture and
enhanced mAb production; the volumetric productivity in the STR was 0.90 g L™
compared to 0.78 g L™ in shake flasks (Figure 4.1C). The advantages of having
monitored and controlled systems, such as STRs, was clearly demonstrated as the
viability was maintained above 70% and higher cell densities and increased product
titre were achieved in agreement with previous studies from Butler (2005) and
Nienow (2006).
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Chapter 4

Table 4.1 - Cell culture parameters of mAb producer (CHO

-CYO01) and null (CHO -Null8) cell lines

STRs Shake flasks

CYO1 Null8 CY01 Nullg
Peak cell concentration 11.0 13.1 10.7 ° 0.07 15.2 ° 0.61
(x 10° cells mL™)
clVC (x 10 cell d* L™ 9.6 11.6 7.0° 0.43 8.4°0.22
Mhax (h™) 0.029 0.033 0.026 ° 0.001 0.029 ° 0.001
Average cell size (mm) 16.3 18.4 15.4° 0.14 16.1 ° 0.06
Product titre (g L™) 0.90 N/A 0.78° 0.16 N/A
ap (pg cell* d™) 8.4 N/A 12.0° 2.0 N/A
dgic (Pg cell™ d™)* 245.6 278.0 ok ok
Oiac (Pg cell™* dh)* 328.0 319.9 ok ok

* ggic and qiac Were calculated during exponential phase before the feeding was initiated

** Due a limitation in the sample volume glucose and lactate were only measured during the feeding

period.

The data represents 3 replicate shake flasks + s.d.
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Figure 4.1 - Growth and product titre profiles of mAb (CHO

-CY01) and null (CHO -Null8) cell

lines. CYO1 (filled symbols) and Null8 (open symbols) cell lines were grown in A: 5L STRs (3.5 L

working volume) or B: shake flasks (100 mL working volume), in fed-batch mode. Viable cell density

(, ,* ) and % viability (p ,r ) were determined by trypan blue exclusion. C: Product titre of CYO1 cells

in STRs (A) and shake flasks (A ) was determined by protein G HPLC. The data represents 3 replicate

samples or 3 replicate shake flasks * s.d.
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The metabolites and osmolality profiles from the mAb producer and non-producer
cell lines grown in STRs are shown in Figure 4.2. It can be seen that there were
some difference in the profiles of the mAb producer and non-producer cells. There
are missing data points in the glutamine, glutamate, ammonium concentration and
osmolality profiles in Figure 4.2B, C, E and F respectively, due to malfunction of the
metabolite analyser.

The glucose consumption (Figure 4.2A) during the first days of culture was slow and
increased when the cells entered exponential phase, which was around day 3 of
culture. The glucose feeding was initiated a day earlier for Null8 cells than the mAb
producer cells, day 5 and 6 respectively. In addition, the Null8 cells consumed more
glucose than the producer cells as a consequence there was an increase in the
medium osmolality (Figure 4.2E). The difference in the osmolality profile can be

seen from day 5 when the feeding was started.

Glutamine is an essential amino acid and GS-cells are grown in glutamine free
medium. However, cells can synthesise glutamine from glucose and glutamate
(Birch and Racher, 2006). The glutamate consumption throughout the culture was
similar for both cells. The glutamine accumulation for both cell lines was similar at
the beginning of the culture, however towards the end of culture there was greater
accumulation from the mAb producer cells. This may be caused by the lower cell

density and decrease in viability (Figure 4.1A).

With regard to metabolic by- products such as lactate (Figure 4.2D) and ammonium
(Figure 4.2E) it can be seen that there was a greater production and accumulation
in the case of the Null8 cells, as a result of the greater glucose consumption (Sheikh
et al., 2005). Both cell lines used lactate as carbon source, this can be seen in
Figure 4.2D were there is a plateau on day 6 and 8 for the producer and non-
producer cell line respectively (Luo et al., 2012). However, no negative effect on cell
growth or viability was observed by the accumulation of lactate, ammonium and the

higher medium osmolality (Figure 4.1D-F).
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A comparison of the effects of cell line, culture time and growth system on particle
size distribution (PSD) is shown in Figure 4.3. The PSD was affected by the cell age
at the start of the culture when most of the particles were between 15 and 20 mm
(viable cells), and as the cells aged this peak was reduced and a greater proportion
of particles smaller than 5 mm were observed (cell debris). This analysis showed the
transition from a viable to a non-viable (~10 mm) cell population. The PSD can also
be affected by limitation of nutrients such as glucose and glutamate (Figure 4.2A, B)
and accumulation of by- products like lactate and ammonium Figure 4.1D, E). This
creates an unfavourable environment for cell growth causing cell death and

changes in the PSD profile.

The growth system also had an effect on the PSD. When cells were grown in shake
flasks two distinct peaks were observed (Figure 4.3B). The only two populations
shown were cell debris and viable cells, up to days 12 and 10 for the CY01 and
Null8 respectively. Then a sudden shift in the PSD was observed from viable cells
(>15 mm) to non-viable cells (~10 mm). However, when cells were grown in STRs up
to day 10 there were two distinct peaks, viable cell and cell debris, afterwards a third
of peak non-viable cells appeared (Figure 4.3A). This showed the benefit of a
controlled system, which slowed down the sudden cell death that occurred in shake

flasks.

The producing and non-producing cell lines did not have a significant impact on the
PSD profile. Although there was a variation in the size of the cells, null cells were
bigger than the CYO0L1 cells. The variation in the size of cells resulted in a shift of the
peak to the right hand side of the PSD plot for the larger null cells, which can be
seen from day 10 of the culture (Figure 4.3A). This effect can be clearly seen on day
10 where there peak of the PSD is shifted to the right of the plot, indicating that

there was a great proportion of cells which were bigger.
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In addition to the PSD, the average cell size was determined every day of culture
(Figure 4.4). The cell size was affected by the growth environment, with cells grown
in STRs (Figure 4.4A) being bigger than cells grown in shake flasks (Figure 4.4B).
Also there was a difference in the size of the two cell lines, with the Null8 cells
having a greater average cell size than the mAb producing cells. This agrees with
the PSD profile where the Null8 cells had a greater proportion of viable cells

towards the end of the culture.

This variation was more obvious in the STRs (Figure 4.4A), where the peak cell size
of the Null8 cells was 20 mm compared to 18 mm of the CYOL1 cells. The cell size
variation could have an effect on down stream processing (DSP) and the response
that cells have to shear (Al-Rubeai et al., 1995a; Tait et al., 2012). When the cells
are grown in shake flasks, the cells were smaller towards the end of the culture
when the viability decreased (Figure 4.4B). This effect was not observed in the

STRs (Figure 4.4B) as the cell viability was maintained higher until harvesting time.
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Figure 4.4 - Average size of a mAb (CHO -CYO01) and null (CHO -Null8) cells during fed -batch
culture. CYO01 (, ) and Null8 (* ) cell lines were grown in A: 5 L STRs (3.5 L working volume) or B:
shake flasks (100 mL working volume) in fed-batch mode. The data represents 3 replicate shake flasks
+s.d.

In order to determine the effect of the bioreactor conditions have on the
glycosylation profile, the glycan analysis was carried out with Ludger Ltd. as part of

a collaborative investigation assisting with their method development.
The glycosylation profile of IgG, produced under standard operating conditions in

STRs on the harvest day was determined by N-glycan analysis (Figure 4.5). The
proportions of non-fucosylated (GO, G1 and G2) and fucosylated species (GOF, G1F
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and G2F) were determined and as previously mentioned by CMC Biotech Working
Group (2009) there was a mixture of glycosylated species. A greater proportion of
fucosylated species was observed (Figure 4.5B) than non-fucosylated species
(Figure 4.5A), about 90% of the glycoforms present were fucosylated while less
than 10% were non- fucosylated, this is important as biological activity, more
specifically the binding capacity, of the IgG is determined by the fucose (Butler,
2006). In addition, a higher proportion of simpler fucosylated and non-fucosylated
moieties (GOF, GO) than more complex ones (G1F, G1, G2F, G2) was observed.

Having determined the glycosylation profile of the IgG, produced under standard
operating conditions in STRs would provide a glycofile that will allow determining
comparability and consistency of the glycosylation profile of the 1gG, produced

under different operating conditions in the STR.
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Figure 4.5 - Glycosylation of mAb producer cell line (CHO -CYO01) day of harvest. Cells were
grown 5L STR (3.5 L working volume) and clarified cell culture supernatant was purified by protein A
chromatography. The glycosylation profiles were determined and the species found were A: Non-
fucosylated (A GO; / G1; A G2) and B: fucosylated (A GOF; /. G1F; A G2F). The data represents 3
analytical replicate samples + s.d.

Key to glycan notation A : N-acetylglucossamine; ¢ : galactose; | : mannose; p : fucose.
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4.2.1.2 Standard operating conditions within STRs

Four different cultures were carried out, with the aim of characterising the growth
profile and determining batch-to-batch variation of a mAb producing CHO cell line
(GS-CY01). The STRs were operated in fed-batch mode in a chemically defined
medium, with an impeller speed of 260 rpm, using direct gas sparging via a horse
shoe sparger at gas flow rate of 100 mL min™, with temperature, pH and DOT
controlled at 37°C, 7.1 and 30% respectively. These form the definition of the
standard operating conditions, which in the following chapters will be modified in
order to characterise the effect of bioreactor environment on cell physiology.

Figure 4.6 shows the growth profile from CYO1 cells grown in 5 L STRs. It can be
observed that the growth and viability were very consistent between the four
different cultures analysed. There was some variability in the product titre, although
cell specific productivity comparable (Table 4.2). The culture parameters in Table
4.2 show the consistency between cultures and enabled a reproducible base case

scenario to be obtained for future evaluations.

Table 4.2 - Cell culture parameters of a mAb producer cell line (CHO -CYO01) grown in STRs

Peak cell concentration (x 10° cell mL™) 115 ° 0.7
cIVC (x 10 cell d™ L™ 9.4° 0.6
Mhax (™) 0.029 ° 0.001
Average cell size (mm) 16.7° 0.4
Product titre (g L™) 0.80° 0.14
dp (Pg cell™ d™) 8.4° 0.86
dgc (Pg cell* d™)* 320.9 ° 59.6
Qiac (Y cell* d™)* 340.1° 44.3

* ggic and qiac Were calculated during exponential phase before the feeding was initiated

Data represents 4 replicate STRs + s.d
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Figure 4.6 - Growth and product profile of a mAb producer cell line (CHO -CY01). Cells were
grown in 5 L STRs (3.5 L working volume), in fed-batch mode. Viable cell concentration (, ), % viability

(#) and product titre (r ) were determined daily. The data represents 4 replicate STRs + s.d.

4.2.2 Cell physiology characterisation and assays development
In order to characterise the lethal and sub-lethal effects of growth environment (STR
or shake flasks) on cells, an apoptosis assay and cytoskeleton staining methods

were developed.

Flow cytometry was chosen to characterise cell physiology as it allows the
measurement of individual cell properties in a heterogeneous cell population and
provides qualitative and quantitative information of cell surface markers or
intracellular components by using specific fluorescent stains (Al-Rubeai and Emery,
1993; Hewitt et al., 1998; Herault et al., 1999).

Confocal laser scanning microscopy (CLSM) was selected as a technique to
characterise changes in cell physiology as it acquires high resolutions images of

fluorescently stained cells or organelles at different depths (Tuchin, 2007).

4.2.2.1 Apoptosis profile

The apoptotic cells were characterised by flow cytometry, using a commercial kit

(annexin V-FITC/7-ADD). The cells were fluorescently stained with annexin V-FITC,
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which binds to phosphatidylserine, an early apoptotic marker exposed when cells
undergo apoptosis. 7-ADD is a viability dye that binds to DNA and can be used as a
measure of cell death (van Engeland et al., 1998; Herault et al., 1999).

An apoptosis assay was carried out on days 8, 10, 11, 12, 13, 14 of the culture.
Example of the density plots obtained are shown on Figure 4.7, where each of the
four quadrants represents a different cell population: non-viable cells are positive for
7-ADD (top left quadrant (Al)), late apoptotic cells are positive for both stains (top
right quadrant (A2)), viable cells are negative for both stains (bottom left quadrant
(A3)) and early apoptotic cells are positive for annexin V-FITC (bottom right
quadrant (A4)).

As the culture progressed a decrease in the percentage of viable cell population
was observed, from 86.1% on day 8 to 26.9% on day 14, and an increase in
percentage of the late apoptotic cell population occurred, at the same time points
from 9.1% to 55.9% respectively. A slight increase in the percentage of non-viable
cell population was observed; with the exception of an outlier observed on day 10
which could be caused by the staining technique. Also there was a population of

about 5% of early apoptotic cells, which was fairly constant throughout the culture.
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Figure 4.7 - Examples of apoptosis profiles of a mAb producer cell line (CHO

by flow cytometry.

Annexin V-FITC

Annexin V-FITC

-CY01) determined
In each quadrant of the density plots a different cell population is represented. Al:

non-viable cells are positive for 7-ADD, A2: late apoptotic cells are positive for both stains, A3: viable
cells, negative are for both stains, A4: early apoptotic cells are positive for annexin V-FITC.

The cell populations that showed greater changes during the culture were those
which were viable and late apoptotic. As the early apoptotic and non-viable cell
populations reasonably remained constant during the culture (Figure 4.8), the viable
and late apoptotic populations were selected for characterising the apoptotic profile
(Figure 4.9).

Some discrepancies can be seen in the non-viable cell population measured by flow

cytometry (Figure 4.8) and trypan blue exclusion (Figure 4.1A). The difference might

be caused by the staining process for flow cytometry, the cells to be centrifuged and

110



Lourdes Vélez Suberbie Chapter 4

washed. During this process cell death, DNA or cell debris could be removed from
the sample affecting the percentage of non-viable cells measured. Therefore trypan
blue exclusion is a more robust method for determining the percentage on viable
cells, as samples require less manipulation than during staining for flow cytometry.
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Figure 4.8 - Example of the apoptosis profile of a mAb produc er cell line (CHO -CYO01). Cells were
grown in 5 L STRs in fed-batch mode (3.5 L working volume). The viable (, ), early apoptotic (* ), late
apoptotic (A), non-viable (A) cell populations were determined by flow cytometry throughout the

culture.

The transition into apoptosis of a mAb producing cell line (CY01) and its associated
null cell line (Null8) were determined from day 8 of the culture until harvest point. It
can be observed in Figure 4.9A that when cells were grown in STRs both cell lines
had similar apoptotic profiles; there was a transition from viable to late apoptotic
population. In the case of the producing cell line this transition was more rapid than
for the null cell line, where a gradual change was observed. In addition, the
producing cell line had a lower viable cell density than the Null8 (Figure 4.1A), which

could explain the difference observed in the apoptotic profile.
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Figure 4.9 - Apoptosis profile of mAb produc er (CHO-CY01) and null (CHO -Null8) cell lines.
CYO01 (, ) and Null8 (* ) cells were grown in A: 5 L STRs (3.5 L working volume) or B: shake flasks
(100 mL working volume). The viable () and late apoptotic (---) cell populations were determined

throughout the culture.

When cells were grown in shake flasks (Figure 4.9B) both cell lines had a rapid shift
from viable to late apoptotic cell populations, whereas in STRs (Figure 4.9A) the
transition was more gradual. The accumulation of by- products and high osmolality
as well as the lack of control systems in shake flask may have led to an
unfavourable environment for cell growth, causing apoptosis. Consequently on day

of harvest, day 12 and 14 for the Null8 and CYO01 respectively, more than 90% of
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the cells were late apoptotic. It can therefore be concluded that the growth
environment has a significant effect on the apoptotic profile (Arden and Betenbaugh,
2006; Nienow, 2006; Browne and Al-Rubeai, 2010).

4.2.2.2 Cytoskeleton staining

The effect of bioreactor environment on cellular structure was studied using
fluorescent actin staining. Actin is one of the main cytoskeletal proteins and can be
present as a monomer (G-actin) or filament (F-actin) (Fletcher and Mullins, 2010).
The fluorescently stained cells were analysed by flow cytometry and CLSM. In order
to stain intracellular components, cells were fixed and permeabilised to allow the
fluorochromes to pass through the plasma membrane and access the cytoskeleton

without disrupting the morphological characteristics of the cells.

To determine the effect of the bioreactor environment and culture age on the
cytoskeleton of the cells, F or G-actin were stained from day 8 of the culture
onwards. The two forms of actin were individually stained to determine if either of
these were affected by the culture age, the operating conditions of the bioreactor or

the cell line.

The contour diagrams obtained by flow cytometry are shown in Figure 4.10. The G-
actin intensity in both cell lines remained constant at different time points of the
culture (Figure 4.10A). On day 12 cells grown in shake flasks showed the same
intensity as the cells grown in STRs (Figure 4.10B). The contour diagrams for days
8 to 12 are not shown, as the staining technique was not fully developed and a large

proportion of the cells could not be visualised in the diagrams.

The relative fluorescence intensity was used to quantify changes in cytoskeleton as
it represents the amount of fluorescent dye binding to F or G-actin. The intensity
measured by flow cytometry is proportional to the quantity of binding sites within the
cells (Muller and Bley, 2010).

When cells were stained for F-actin, variations in the actin intensity were observed
that were cell line and growth system dependent. When Null8 cells were grown in
STRs the F-actin intensity remained constant throughout the culture (Figure 4.10A),

whereas when they were grown in shake flasks the F-actin intensity decreased
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(Figure 4.10B). The cell population shifted down in the contour plot and a second

cell population with lower F-actin intensity was observed (Figure 4.10B, day 12).

CYO01 cells were grown in STRs or shake flasks also showed differences in F-actin
staining. There was a decrease in the intensity and a second population of cells was
present in the contour plot (Figure 4.10A). The decrease in F-actin intensity might
be related to apoptotic stage of the cells as around 50% of the cells were late
apoptotic. As well as the decrease on the F-actin intensity, a second population of
cells was observed towards the end of culture. This population was located on the
bottom left hand side of the contour diagrams, indicating lower intensity and smaller
cells which are likely be the late apoptotic cells or apoptotic bodies (Figure 4.10A
days 13 and 14, Figure 4.10B day 12).
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Figure 4.10 - Contour diagrams of F and G

-actin obtained by flow cytometry during culture.

cell size

CYO01 and Null8 cells were grown in A: 5 L STRs (3.5 L working volume). F-actin was stained with
Alexa Fluor 488 (phalloidin) and G-actin with Alexa Fluor 488 (DNase ).
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Figure 4.10 - Contour diagrams of F and G -actin obt ained by flow cytometry. CYO01 and
Null8 cells were grown in B: shake flasks (100 mL working volume), F-actin was stained with Alexa
Fluor 488 (phalloidin) and G-actin with Alexa Fluor 488 (DNase ).

At different time points of the culture two cytoskeletal proteins were individually
stained in order to investigate changes in the cytoskeleton. F-actin, which is present
as filaments and G-actin, which is the monomer form. F and G-actin were stained
with phalloidin and DNase | respectively (shown in green); the nucleus was used as
a reference point and was stained with DAPI (shown in blue) and CLSM images
were taken (Figure 4.11). Figure 4.11 shows that G-actin was homogeneously
distributed throughout the cell; culture age or growth system (STR (Figure 4.11A) or
shake flasks (Figure 4.11B)), did not have an effect on the distribution of G-actin

within the cells.

F-actin filaments are shown in Figure 4.11A and B. It can be observed that F-actin
was not evenly distributed throughout the cells. There were some regions where the
concentration was higher, and this effect that was more pronounced as the culture

progressed. The producing and non-producing cell lines showed the same
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distribution for G and F-actin. Both cell lines presented changes in the cytoskeleton
shape and distribution of F-actin.
A CYO01 Null8

A A
7 day8 day14 N7  day8 day14

F-actin

G-actin

F-actin

G-actin

Figure 4.11 - Example of confocal laser scanning microscopy images of mAb producer (CHO -
CYO01) and null (CHO -Null8) cell lines. In green, F-actin stained with Alexa Fluor 488 (phalloidin) or
G-actin Alexa Fluor 488 (DNase I) and in blue, the nucleus stained with DAPI. Cells were grown in A: 5
L STRs (3.5 L working volume) or B: 250 mL shake flasks (100 mL working volume).

Flow cytometry and confocal microscopy did not reveal significant changes in G-
actin intensity (Figure 4.10) or shape (Figure 4.11). This might be because cells
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keep a pool of G-actin in order to have quick response to environmental changes
and reorganise the cytoskeleton (Ballestrem et al., 1998). However, the F-actin
changed in intensity (Figure 4.10), distribution and morphology (Figure 4.11) and as
a result was selected for future characterisation of the cell physiology during cell

culture.

4.3 Conclusion

The growth of producing and null cell in STRs and shake flasks was characterised
and showed comparable performance in each of the growth systems tested. Shake
flasks were a good mimic of STRs during lag and exponential phase, but there was
a rapid decrease in viability in the shake flask that was not observed in the
bioreactors. Additionally, higher volumetric productivity was achieved in the STRs.
The differences in the metabolic profile of the producing and non-producing cells
could account for the variations observed in the growth and viability profiles. The
particle size distribution was affected by the cell age and growth system, but was

similar between the producing and non-producing cell lines.

The characterisation of the growth profile for the producing cell line (CYO01) at the
standard operation conditions in STRs showed good consistency. In addition, N-
glycan analysis allowed the determination of the relative abundance of fucosylated
and non-fucosylated species of mAb produced in STRs on the harvest day. The
characterisation of the glycosylation profile under standard operating conditions will
provide a standard glycoprofile for comparability and consistency with the conditions

investigated in the following chapters.

Cell physiology was successfully characterised during culture using flow cytometry
and confocal laser scanning microscopy. The apoptotic profile was determined for
each cell line and for both growth systems, there was a transition from viable to late
apoptotic population and during the culture course a fairly constant population of
early apoptotic cells was present. Flow cytometry did not reveal changes on G-actin
intensity and this was also further supported by confocal microscopy analysis which
did not show any difference in localisation or concentration. There were changes in
F-actin intensity, as measured by flow cytometry, and cell morphology, as

determined by confocal laser scanning microscopy. The relationship between the
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decrease in F-actin intensity and the apoptotic stage of the cells will be investigated
in the following chapters.
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Chapter 5. Effect of mild hypothermic conditions on

mammalian cell culture

5.1 Introduction

Strategies to enhance production of recombinant proteins have been widely studied.
Changes in culture conditions such as DOT, pH and temperature have proved to
increase the production of recombinant proteins in mammalian cells (Ahn et al.,
2008; Sunley and Butler, 2010). However increase on cell specific productivity
(PCD) appears to be cell line specific (Yoon et al., 2006), in some cases the PCD
improves (Kaufmann et al., 1999; Ahn et al., 2008; Sunley and Butler, 2010) while in
other cases it remains the same or decreases (Chuppa et al., 1997; Yoon et al.,
2006).

Temperature shift has been used in industry to improve the production of
recombinant proteins as it arrests cells in G1 phase of the cell cycle were the cells
are more productive (Ahn et al.,, 2008; Sunley and Butler, 2010). Glucose
consumption, as well as lactate production are reduced and less toxic products are

accumulated in the medium (Yoon et al., 2003b).

It has been shown previously that changes in the bioreactor environment have an
effect on cell physiology and cell proteins (HCP) concentration (Arden and
Betenbaugh, 2006; Tait et al., 2012). Apoptosis is an aspect of cell physiology that
has been considered in this effect because it can reduce the culture duration and
limit the cells productivity (Ko and McCulloch, 2000; Arden and Betenbaugh, 2006).
The concern of HCP, which are process related impurities, arises from the fact that
they can elicit immune reactions in humans and impact the efficacy of the
recombinant protein (Bailey, 2007; Shukla et al., 2008).

The bioreactor environment can also have the additional effect of influencing the
glycosylation profile of recombinant proteins (Kessler et al., 2006; Hossler et al.,
2009). It has been suggested that reducing culture temperature helps to retain the
glycoform. The cell viability is maintained higher throughout culture at low
temperature and the release of glycosidades, which remove monosaccharides from

the glycan, is minimised (Ahn et al., 2008; Hossler et al., 2009).
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Therefore it is important to understand the effect that reduction in the culture
temperature has on the cells physiology, glycosylation profile of the recombinant
protein and host cell protein concentration.

Chapter aims and objectives:
1 Characterise the effect of low temperature on cell culture and cell
productivity.
1 Investigate the physiological effects of hypothermic conditions on Chinese
hamster ovary cells during fed-batch culture.
1 Determine the effect of low culture temperature on glycosylation profile of

the recombinant protein and HCP concentration.

5.2 Materials and methods

5.2.1 Cell culture in shake flasks

Cells (CHO-CYO01) were grown in suspension in 250 mL disposable shake flasks
with vent caps (Corning, NY, USA) in batch mode with a working volume of 100 mL.
Cells were incubated (Sanyo, Loughborough, UK) at 37°C and 5% CO, on an orbital
shaker at 150 rpm (IKA 260, Wolf Laboratories, York, UK).

On day 6 of the culture, half of the shake flasks were transferred to an incubator
where the temperature was maintained at 33.5°C until harvesting time, whilst CO,

and shaking speed remain unchanged.

5.2.1.1 Analytical techniques

Cell concentration and percent viability were determined by automated cell counting
using a Vi-Cell XR on days 3, 6 and every day onwards until harvest point (chapter
2 section 2.3.1). Glucose and lactate were monitored on the same days as cell
concentration. Samples were analysed using a YSI 2700 Biochemistry Analyzer

(YSI Incorporated, Hampshire, UK).
Samples of cell culture supernatant were collected on days 3, 6 and every day

onwards and the antibody concentration was determined by protein G HPLC as

mentioned in chapter 2 section 2.4.1
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5.2.2 Cell culture in STRs

Experiments were carried out in two 5 L stirred bioreactor (Biostat B-DCU control
unit) running in parallel with a starting working volume of 3.5 L. The bioreactors
were operated in fed-batch mode as detailed in chapter 2 section 2.2.2.

The temperature of both reactors was set at 37°C. On day 6 of the culture, which is
the end of exponential phase, the temperature of one STR was shifted to 32°C and

maintained at this temperature until harvesting point.

5.2.2.1 Analytical techniques

Cell concentration and percent viability (chapter 2 section 2.3.1), cell size (chapter 2
section 2.3.2), glucose and lactate concentrations (chapter 2 section 2.2.2) were

determined every day of the culture.

The cell cycle stage was determined following the protocol in materials and methods
(chapter 2 section 2.3.5). On day 6 of the culture the cell cycle assay was performed
at the following time points: 0, 2, 4, 8, 12 and 24 hours once the temperature was

shifted. Afterwards the cell cycle distribution was determined every day.

Apoptosis assays and F-actin staining were carried out every day from day 6 of the

culture, following the protocol in chapter 2 sections 2.3.3 and 2.3.4 respectively.

5.2.3 HCP ELISA

Host cell protein (HCP) concentration was determined using a commercially
available microtiter sandwich enzyme-linked immunosorbent assay (ELISA) kit
using polyclonal antibodies raised against the CHO cell line (Cygnus Technologies,
North Carolina, USA). Cell culture supernatant from both STRs was analysed,
samples were taken from the control STR on day 12 and from the STR where the
temperature was shifted on day 20. The method was conducted following the
manuf act ur er 6ich ispdesoriben aofbllows, wd0 ni of anti-CHO:HRP
(affinity conjugate goat antibody conjugate) was pipetted into each well then 50 niL
of the standard, control or samples were added into the wells. The plate was
covered and incubated for 3 hours at room temperature, and then the plate was
washed 4 times with wash solution (Tris buffer). 100 niL of T MB
tetramethylbezide) substrate were added and incubated at room temperature for 30

minutes. Finally 100 niL of stop solution was added to each well. Absorbance was
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measured at 650 nm using a plate spectrophotometer (Tecan Safire2, Tecan,
Reading, Berkshire, UK) and the analysis was performed in Microsoft Excel.

5.2.4 USD shear and centrifugation studies

Experiments were carried out with cell culture supernatant produced in a 5 L stirred
tank bioreactor (Biostat B-DCU control unit) operated in fed-batch mode as detailed
in chapter 2 section 2.2.2.

The centrifugation analysis was carried out on day 12 of the culture with
supernatant at harvest temperature (37°C) and supernatant which was kept at 4°C
for a shortened period of time (5 hours).

Viable cell density (chapter 2 section 2.3.1), particle size distribution (chapter 2
section 2.3.2), apoptotic profile (chapter 2 section 2.3.3) and cell cycle stage
(chapter 2 section 2.3.5) were determined in the material at 37°C and 4°C before

and after shearing the cell culture supernatant.

5.2.4.1 Shear device and centrifugation studies

A rotating shear device developed at University College London (UCL) was used to
investigate the effect that shear has on the adjusted temperature harvest material
and its impact upon centrifugation performance. The shear typically experienced in
the feed zone of industrial centrifuges was mimicked by application of different
rotational speeds within the device, which has been previously characterised using
computational fluid dynamics by Boychyn (2004). The energy dissipation
experienced using a hermetic feed zone (0.06 x 10° W kg™) can be equated to the
disc-stack centrifuge used in this study. The adjusted temperature harvest material
was exposed to shear at different levels (0.06 W kg™ and 0.53 x 10° W kg™) for 20 s,
to provide sufficient time for full break-down of the material as may occur in a

centrifuge feed zone (Hutchinson et al., 2006).

The prediction of large-scale centrifugation was carried out using an Eppendorf
5180R benchtop centrifuge (Eppendorf, Cambridge, UK) with an A-4-62 swing-out
rotor and 96-well plate format using the correlation between laboratory-scale
centrifugation ¢s\c/acl .et . ¢ ntanid ubat gen

described previously (Tait et al., 2009). Briefly, centrifugation was undertaken using

fill volumes of 0.50, 0.75 or 1.50 mL and the plates were centrifuged at 3000 rpm for
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5 or 10 minutes to give a range of ®wdglc.t . F
Half of the volume of supernatant from each well was removed and the optical
density (OD) prior to and after centrifugation used to determine the % clarification
achieved (equation (5.1)).
% clarification = ODs-0Do (5.1)
ODs - ODo
where OD,: optical density of well-spun sample, ODs: optical density of sample and

ODy. optical density of feed. The ODs were measured at 600 nm.

5.3 Results

5.3.1 Effect of mild hypothermic conditions on cell growth and
productivity

In order to investigate if a mAb producer GS-CHO cell line was able to withstand
mild hypothermic conditions; cells were grown in shake flasks with a temperature
shift from 37°C to 33.5°C on day 6 of the culture. Mammalian cells were grown in
250 mL shake flasks (100 mL working volume) in batch mode. Six shake flasks
were cultivated at 37°C until a cell concentration of ~6 x 10° cells mL™* was
achieved. Then the growth temperature of three shake flasks was reduced to

33.5°C, this temperature was maintained until harvesting (Figure 5.1).

The growth in the replicate shake flask was shown to be consistent and
reproducible. The application of mild hypothermic conditions prolonged culture
duration from 10 to 13 days (Figure 5.1A). The stationary phase was prolonged and
the cell viability was maintained above 90% a longer period of time (Kaufmann et
al., 1999). Shake flasks were harvested at the same percent viability (~70%), which
corresponded to day 10 for the shake flasks grown at 37°C and day 13 for the ones

were the temperature was shifted.
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Table 5.1 - Cell culture parameters of mAb producer cell line (CHO  -CYO01) grown in shake flasks

in batch mode under standard and mild hypothermic conditions.

37°C 33.5°C
Peak cell concentration (x 10° cells mL™) 7.43°0.31 8.00 °0.33
cIVC (x 10 cell d™* L™ 3.54°0.36 5.16 °0.14
Mhax (h™) 0.025°0.000  0.025 °0.001
Product titre (g L™) 0.52 °0.03 0.60 °0.02
ap (pg cell™ d™) 13.3°1.1 9.0°0.1

When cells were grown under mild hypothermic conditions a higher peak cell
concentration was obtained (Table 5.1). The product titre was increased from 0.52 g
L™ to 0.60 g L™ (Figure 5.1B) and the cell specific productivity was not improved
(Table 5.1); however increase in cell specific productivity has been reported to be

cell line specific (Yoon et al., 2006).
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Figure 5.1 - Growth and product profile of mAb producer cell line (CHO -CY01) grown under

standard and mild hypothermic conditions. Shake flasks were grown in batch mode at 37°C (filled
symbols) or with a temperature change from 37°C to 33.5°C (empty symbols) on day 6. A: viable cell
concentration (, ,* ), % viability (p ,r ) and B: product titre were determined daily (A ,A). The data

represents 3 replicate shake flasks + s.d.

Cells grown in shake flask were able to withstand a reduction in the culture
temperature, which is proven to prolong culture duration and increase product titre.
Therefore in order to investigate this effect at the larger scale and develop an
industrial relevant process, STR cultures were carried out with a temperature shift.

Cells were grown in suspension in parallel in two 5 L STRs in fed-batch mode. The

operating conditions of both STRs were the same until a viable cell concentration of
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8 x 10° cells mL™ was reached, indicating the end of exponential phase (day 6),
when the temperature of one STR was shifted to 32°C and maintained until
harvesting.

Figure 5.2 shows the growth and mAb production profile of GS-CHO cells grown
under standard conditions (37°C) and with a temperature shift (32°C). It can be
observed that when the temperature was shifted the stationary phase was extended
for cells grown at the lower temperature (Kaufmann et al., 1999). The culture
duration was also prolonged and the viability was maintained above 80% up to day
20, whereas the viability under standard conditions was below 80% on day 12
(Figure 5.2A). The peak cell concentration and integral viable cell concentration
were higher for the cells where the temperature shift was applied (Table 5.2). In
addition the decrease in culture temperature had an impact on the nutrient uptake
and waste generation (Yoon et al., 2003b; Marchant et al., 2008); there was a

reduction glucose specific consumption and lactate specific production (Table 5.2).

Table 5.2 - Cell culture parameters of mAb producer cell line (CHO -CYO01) grown in STRs in fed -
batch mode under standard and mild hypothermic conditions

37°C 32°C
Peak cell concentration (x 10° cells mL™) 9.5 10.4
clVC (x 10% cell d™ L™ 6.9 13.7
Mhax (N7) 0.028 0.027
Product titre (g L™) 0.74 1.02
Qgie (g cell* d™)* 291.8 251.8
Glac (PG cell™ d™)* 878.7 789.6

* ggic and qac Were calculated during exponential phase before the feeding was initiated

The application of mild hypothermic conditions is known to enhance the final
product titre (Ahn et al., 2008; Sunley and Butler, 2010). The final product titre was
increased from 0.74 g L™ at 37°C to 1.02 g L™ at 37°C (Figure 5.2B). However an
increase in cell specific productivity was not observed (Table 5.2) but it has been

reported that this effect can be cell line specific (Yoon et al., 2006).
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Figure 5.2 - Growth profile of mAb producer cell line (CHO

mild hypothermic conditions.

-CYO01) grown under standard and
Cells were grown in 5 L STRs in fed-batch mode at 37°C (filled

symbols,) or with a temperature change from 37°C to 32°C (empty symbols) on day 6. A: viable cell

concentration (, ,* ), % viability (p ,r ) and B: product titre were determined daily (A ,A). The data

represents 3 replicate counts + s.d.

The metabolites and osmolality profiles from cells grown under standard conditions

(37°C) and with a temperature shift (32°C) are shown in Figure 5.3. It can be seen

that there were some differences in the profiles when the temperature of the culture

was shifted to 32°C.
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The glucose consumption (Figure 5.3A) before the temperature shift (day 6) was
simliar in both bioreactors. After the temperature shift there was a decrease in the
glucose consumption in the bioreactor at 32°C. Glutamine (Figure 5.3 B), glutamate
(Figure 5.3 C) and osmolality (Figure 5.3 F) profiles were similar. However, culture
length had an impact on the osmolality profile, at harvest time the osmolality of the
culture at 32°C was 454 mOsm kg™ compared to 343 mOsm kg™ for the cells grown
at 37°C. This increase in osmolality (Figure 5.3 F) had no negative effect on cell
growth or viability (Figure 5.2A).

There was a greater production and accumulation of lactate (Figure 5.3 D) and
ammonium (Figure 5.3 E) when the cells were grown at 37°C. The production and
accumulation of by-product decreased when cell were grown at 32°C (Figure 5.3 D,
E). This agrees with previously reported findings by Yoon (2003) and Marchant
(2008) that decreasing the culture temperature has an impact on the waste

metabolite generation.

Cells grown at both temperatures presented a lactate metabolic shift (Figure 5.3). In
addition to glucose and glutamate lactate was used as carbon source, which agrees
with what was previously reported by Luo (2012). On day 5 of culture a plateau in
the lactate production was observed (Figure 5.3 D), then lactate concentration was
reduced reaching zero on day 11 and 13 for the cells grown at 32°C and 37°C

respectively.
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Table 5.3 - Specific and volume specific productivities, average cell size from mAb producer

(CHO-CYO01) cell line grown under standard and mild hypothermic conditions.

Time Cell specific productivity Volume specific productivity Average cell size
(days) (pg cell* d*) (pg mm™ d™) (mm)

37°C 32°C 37°C 32°C 37°C 32°C

0-6 11.5 6.4 2.10 x 10* 1.23 x 10* 14.9 15.0

7-13 12.5 7.4 3.03 x 10* 1.57 x 10* 16.5 16.1

14 - 20 N/A 8.2 N/A 2.68 x 10* N/A 18.3

Overall 12.3 7.5 2.78 x 10" 1.92 x 10* 15.6 16.5

N/A the bioreactor was harvested on day 13

The effect of mild hypothermic conditions on particle size distribution is shown in
Figure 5.4. Cells grown under standard and mild hypothermic conditions showed
two distinct peaks, which represent the cell debris (<5 nm) and viable cells (between
15 and 20 mm). As the culture progressed it shows an increase in the cell debris and
a reduction on the viable cells for the standard conditions, however mild

hypothermic conditions delayed the accumulation of cell debris.

The PSD affected by culture age, early in the culture the cell population was more
uniform (Figure 5.4) i.e. the peaks in the PSD were narrower. Later in culture the
cells population became less uniform, this was observed on day 12 for the cells
grown at 37°C and day 16 for the cells grown at 32°C, showing that reducing the
culture temperature has beneficial effects. Towards the end of the cultures, day 12
and 16 for cells grown at 37°C and 32°C respectively, a shoulder on the peak for
viable cells appeared. The peak corresponds to a particle size of ~10 nm and
represents the non-viable cells. This peak can clearly be observed on day 20 for
cells grown under mild hypothermic conditions, where three distinct peaks were
observed (cell debris <5 nm, non-viable cells ~10 nm and viable cells ~15 nmm, (Tait
et al., 2009)).

The culture temperature also had an effect on the average cell size (Table 5.3). The
cells cultured at 32°C had a gradual increase in average size, at harvest point the
average cell size was 16.5 mm compared to 15.6 nm of the cell cultured at 37°C.
Agreeing with the PSD profile - the cells grown at 32°C had a greater proportion of
viable cells towards the end of the culture. This difference might be considered as

previous work by Al-Rubeai (1995) and Tait (2012) have shown that the cell size
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might have an impact on the response that cells have to shear and consequently
affect primary recovery performance.

the

Figure 5.4 -
Compariso
of

5.3.2 Effect of mild hypothermic conditions on cell physiology

It has been reported that reducing the culture temperature synchronises cells in G1-
phase of the cell cycle, extends the culture length and enhance recombinant protein
production (Kaufmann et al., 1999; Ahn et al., 2008; Tharmalingam et al., 2008).
The reduction of culture temperature is likely to have an effect on cell physiology;
therefore cell cycle analysis, apoptosis assay and cytoskeleton staining (F-actin)
were carried out to identify the effect of a temperature shift has on the cell

physiology.

On day 6 of the culture the temperature of one STR was shifted from 37°C to 32°C.
The cooling down process took approximately 80 minutes. In order to identify the
effect of reducing the temperature on the cell cycle the percentage of cells in G1, S
or G2/M phase of the cell cycle was determined. Samples from both reactors were
analysed before the temperature was shifted (time zero in Figure 5.5) and after 2, 4,
8, 12, 24 and 48 hours. The viable cell concentration and the percentage of viability
were determined at the same time points as the cycle analysis was carried out and

no change was observed (data not shown).

eeOtCe
-COHOOEC

0 2 4 8 12 24 48
Time (h)
Figure 5.5 - Effect of temperatur e shift on the cell cycle of mAb producer cell line (CHO -CY01).
Cells were grown in 5 L STRs (3.5 L working volume), in fed-batch mode at 37°C or with a temperature
change from 37°C to 32°C on day 6 (represented by time zero). The cell cycle distribution was

determined by flow cytometry and the percentage in G1 (A), S (A) and G2/M (/) subpopulations was
calculated.

Temperature (°C)
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Figure 5.5 shows the percentage of cells in G1, S or G2/M phase of the cell cycle. It
illustrates that at time zero both bioreactors had the similar proportions of cells in
G1, S or G2/M phase. However, afterwards the temperature the proportions were
different for the cells at 37°C and 32°C. 48 hours after the temperature was shifted
(day 8) more than 60% of the cells were in G1 phase, while the cells maintained at
37°C less than 50% of the cells were in G1 phase (Kaufmann et al., 1999; Ahn et
al., 2008; Marchant et al., 2008; Tharmalingam et al., 2008).

The percentage of cells in G1, S or G2/M phase of the cell cycle throughout the
culture is shown in Figure 5.6. It shows that for cells grown at lower a temperature
there is an increased proportion of cells in G1 phase ~64% compared to ~46% of
the cells grown at 37°C, which is consistent with previous studies by Kaufmann
(1999), Ahn (2008) and Tharmalingam (2008). It is this increase in the proportion of
cells in the G1 phase which allowed a higher cell viability to be maintained and the
culture duration to be prolonged. In addition, the cell cycle had en effect on the PSD
(Figure 5.4). It was observed that when there were a greater proportion of cells in
G1 phase there were fewer particles smaller than 5 mm on day 12 of the culture.
This shows that reducing the culture temperature has an effect on PSD and cell

viability.

o
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Figure 5.6 - Cell cycle analysis of mAb producer cell line (CHO  -CY01) grown under standard
and mild hypothermic conditions . Cells were grown in 5 L STRs (3.5 L working volume), in fed-
batch mode at 37°C or with a temperature change from 37°C to 32°C on day 6. The cell cycle
distribution was determined by flow cytometry and the percentage in G1 (A), S (A) and G2/M (/)
subpopulations was calculated.
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Environmental stress factors like temperature and time have been shown to have an
effect on the cell death via the apoptotic pathway (van Engeland et al., 1998; Arden
and Betenbaugh, 2006; Browne and Al-Rubeai, 2010). The apoptosis assay was
carried out to identify the effect that reducing the culture temperature has on cell

death and culture longevity.

The apoptotic profile of the cells cultured at 37 and 32°C is shown in Figure 5.7. It
shows that as the culture progressed there was a transition from a viable cell
population to a late apoptotic one. Mild hypothermic conditions slowed the onset of
apoptosis, delayed the transition from a viable to a late apoptotic population (Figure
5.6), extended the stationary phase (Figure 5.2) and prolonged the culture duration
up to 20 days (Figure 5.2 and Figure 5.7) agreeing with previous literature (Moore et
al., 1997).

Figure 5.7 - Apoptotic profile of mAb producer cell line (CHO -CY01) grown under standard and
mild hypothermic conditions . Cells were grown in 5 L STRs (3.5 L working volume), in fed-batch
mode at 37°C (, ) or with a temperature change from 37°C to 32°C (* ) on day 6. The viable (*2) and

late apoptotic (---) cell populations were determined throughout the culture.

Reduction of culture temperature allowed the prolonging of the culture duration and

as it has been mentioned before changes in the in bioreactor are likely to have an
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