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treatment for a variety of immunopathological conditions
like cancer, the demand for biopharmaceuticals is accel-
erating (Croughan et al, 2015, Kesik-Brodacka, 2018,
Konstantinov and Cooney, 2015). The majority of these pro-
ducts are made using mammalian cell lines, where efficient
bioprocessing strategies are critical for industrial production
(Tripathi and  Shrivastava, 2019). In addition, the

1. Introduction

Over the last decade biopharmaceuticals such as monoclonal
antibodies (mAbs) have emerged to be the main drug product
developed and manufactured. Due to their high selectivity
against a specific target and their frequent application as
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sparger; mAb, monoclonal antibody; NaAlg, sodium alginate; RV d%, reactor volumes per day; STR, stirred tank reactor; ty, mixing time;
ty ¥ N, mixing number; VCC, viable cell concentration; Vy, working volume; Wy, baffle width
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biopharmaceutical industry is facing further challenges like
growing competition of biosimilar products (Walsh, 2018),
limitations in manufacturing capacity and requirements for
product quality (Bielser et al., 2018, Rathore and Winkle,
2009). To tackle these, the industry is shifting towards con-
tinuous biomanufacturing, which for the cell culture stage
means operating a bioreactor in perfusion mode, thus re-
placing the current state-of-the art fed-batch operation
(Bielser et al., 2018, Mahal et al., 2021, Narayanan et al., 2022).
The shift from a fed-batch to perfusion mode of operation
aims at process intensification, reduction of product varia-
bility which results in improved product quality, and a de-
crease of production costs. (Arnold et al.,, 2019, Farid, 2019,
Mahal et al., 2021, Narayanan et al., 2022).

The main feature of perfusion processes is the continuous
removal of culture medium compensated by the continuous
feed of fresh medium, while cells removed within the culture
medium are captured by a cell retention device and returned
to the bioreactor (Chotteau, 2015). The continuous medium
renewal and cell retention enable the operation at high cell
densities (HCD) as well as achieve higher productivities while
maintaining product quality at reduced costs compared to an
operation in fed-batch mode (Bielser et al., 2018, Chotteau,
2015). However, the medium exchange as well as the re-
circulation of cells back to the reactor might lead to varia-
tions in fluid flow and mixing. In addition, HCD cultures
show changes of viscosity which must be considered given
the impact viscosity has on the flow characteristics (Clincke
et al., 2013a, Clincke et al., 2013b). For the operation at HCD,
above the traditional concentration levels for fed-batch cul-
tures, it is critically important to understand if a fluid be-
comes non-Newtonian during the process and at which cell
densities. The change of viscosities could lead to variations
in cellular production performance and product quality due
to heterogeneities caused by slow mixing areas, thus influ-
encing heat and mass transfer (Nienow, 1997, Nienow et al.,
1996). Moreover, perfusion processes typically involve long
process times and given the fact that the pharmaceutical
industry is highly regulated, a deep and detailed under-
standing of the fluid flow within the bioreactor is critical and
required to manage risk of failure. This is to ensure homo-
geneity throughout the process, while oxygen and mixing
requirements of the HCD must be continuously met.

The increased complexity of a bioreactor in perfusion
mode due to additional process parameter (e.g. flow rates)
requires screening of multiple operating conditions to
achieve high robustness and control. While for fed-batch
operations microscale bioprocess techniques are well estab-
lished, the same cannot be said for perfusion operations
(Betts and Baganz, 2006). The development and optimisation
of a perfusion bioprocess is associated with high costs and
elongated time scales (Croughan et al., 2015), hence scale-
down models represent an attractive tool to remain cost and
time efficient as they facilitate high throughput optimisation
by running multiple experiments in parallel (Bielser et al,,
2018). Microbioreactor systems in sub-litre scales such as the
ambr™ platform (Sartorius) or the DasBox system (Eppen-
dorf) have been extensively studied and characterised for
operations in fed-batch mode (Hsu et al., 2012, Nienow et al.,
2013a), but comparable systems for perfusion culture are
limited. Efforts have been made to establish methodologies
that achieve cell retention through sedimentation, cen-
trifugation or retrofitting of cell retention devices onto ex-
isting systems initially designed for fed-batch (Janoschek

et al,, 2019, Gagliardi et al., 2019, Jin et al., 2021, Sewell et al,,
2019). Recently, the ambr250 platform (Sartorius) has been
redesigned to fit perfusion requirements, where the re-
circulation is incorporated from the top of the bioreactor and
a dual pitched-blade impeller system was implemented
(Satorius, 2021). To the best of our knowledge, the design of a
system at sub-litre scale tailored for perfusion operation
aiming at optimising hydrodynamic conditions specific to
HCD as well as a detailed characterisation regarding flow and
mixing has not been performed until now. Perfusion pro-
cesses are operated at HCD with significant oxygen demands,
likely requiring the implementation of a dual impeller
system to ensure efficient oxygen mass transfer while
keeping the shear levels experience by the cells as low as
possible.

This study presents the design and characterisation of a
novel 250 mL stirred tank bioreactor operated in perfusion
mode. This comprises design considerations and description
of its geometry as well as characterisation of the vessel
alongside recommendations for scaling criteria including
k;a, mixing time and power input. Following this, the impact
of perfusion-specific parameters such as the viscosity impact
on the hydrodynamics of the system and the positioning of
the re-circulation loop are discussed. Finally, a perfusion
culture process is developed in the 250 mL bioreactor and
performance is evaluated for both cell growth and pro-
ductivity to demonstrate its validity for perfusion operations.

2. Material and methods
2.1. Design and fabrication of novel 250 mL bioreactor

The reactor vessel is designed to achieve a height (Hy) to
diameter (D) ratio of approximately 1.5:1 (Hr:Dy) with Hr
=10 cm and D = 6.7 cm. The vessel bottom is flat, resulting
in a liquid height of 7.4 cm (Hy/Hr = 0.74) for a working vo-
lume of 250 mL. Three baffles with a width of 0.5 cm and a
height of 8 cm (Hw/Dt = 1.2) were incorporated in the vessel
and evenly spaced with a spacing distance along the cir-
cumference of 7 cm between each. The system is stirred by
two impellers, a top 3-blade pitched-blade impeller with a 30°
pitch and a bottom 6-blade flat blade turbine impeller below
(Eppendorf, Hamburg, Germany). Both impellers had an outer
diameter of 3 cm (Di/Dt = 0.44) and were internally spaced
such that the off-bottom clearance was 0.33 Dt. The distance
between the impellers was chosen to be equal to the impeller
diameter, resulting in a spacing of Ci/Dt = 0.37. This ensures
approximately equal spacing between the bottom, the two
impellers and the top surface and avoids the top impeller to
be located too close to the air interface. Further, the bior-
eactor was equipped with a r-shaped sparger for aeration
with 7 drilled holes each with a diameter of 0.5 mm placed
0.5 cm (0.05 Dr) below the impeller. The headplate is de-
signed as such that two elevated housings of 12 mm in dia-
meter for pH and DO probe could be fitted within the vessel
as well as additional ports for liquid addition and gas outlet.
The electrolyte DO probe (OxyFerm; Hamilton) and pH probe
(EasyFerm; Hamilton, NV, USA) had a diameter of 12 mm and
alength of 12 cm. Additional ports with a diameter of 3.2 mm
were placed in the base and the side of the vessel to connect
to the cell retention device. The side port was placed at a
height of 2.5 cm (0.37 Dt) from the bottom. Temperature was
monitored using a thermowell temperature sensor (New
Brunswick, Eppendorf) placed externally and assuming a
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Fig. 1 - Design drawing and schematic diagrams of 250 mL novel bioreactor and acrylic mimic; (A) 2D cross section; (B)
headplate; (C) 2D cross section of acrylic bioreactor mimic; (D) headplate of acrylic bioreactor mimic; (E) 3D view of acrylic
mimic with X-ray allowing observations of internal components. Components of the 250 mL bioreactor: (1) pH probe port, (2)
DO probe port, (3) impeller shaft, (4) liquid addition, (5) sparger, (6) gas outlet, (7) pitched blade impeller, (8) Rushton-style
impeller, (9) connection to cell retention device - outlet, (10) connection to cell retention device - inlet, (11) baffles.

constant gradient of 3.5 °C between both sides of the
tank wall.

A schematic diagram of the novel 250 mL bioreactor is
presented in Fig. 1 A and B and was fabricated by the Design
and Fabrication Facility at UCL using stainless-steel as base
material which is sterilisable and therefore suitable for cell
culture experiments. In addition, an acrylic mimic was fab-
ricated to study engineering characteristics and observe in-
ternal bioreactor conditions. A schematic diagram and a 3D
view of the acrylic mimic is shown in Fig. 1C-E. The acrylic
mimic had identical internal dimensions as well as identical
placements of the ports for recirculation on the side and
bottom of the vessel. However, to increase the image quality
taken in characterisation studies the mimic had flat external
walls, as shown in Fig. 1E, reducing light refraction from the
cylindrical surface of the mimic. It should be noted that the
acrylic mimic in which engineering studies were conducted
had no probe mimics, and as such the flow characteristics
expected within the bioreactor would have been different
from those measured experimentally within the mimic. The
impact of type, geometry and number of probes on the power
number in small scale reactors is currently the focus of on-
going studies and was not included in this work.

2.2.  Viscosity measurements

For viscosity measurements, cells were expanded in a 1L
Erlenmeyer shake flask for 3 days. Following expansion, cells
were centrifuged at 450 rpm for 5min and re-suspended in
fresh CD CHO medium at concentrations between 20 and
100 x 10° cells mL™*. Measurements were performed using a
rotational rheometer (Kinexus Lab+; Malvern Instruments,
Malvern, UK) using a 1 mL sample at 37 °C, between 50 mm
parallel plated with a 0.4 mm gap size. Viscosities were de-
termined for an expected range of shear rates between 10

and 1000 s, In addition to cell culture, viscosities of sodium
alginate (NaAlg) solutions were measured in order to find a
rheological transparent mimic for HCD cultures which could
be used in the mixing time experiments. NaAlg was dissolved
in MilliQ water at concentrations between 0.085 and 0.25 gL.™*
and viscosity was determined at room temperature with the
same system and for the same range of shear rates used for
the cell viscosity measurements.

2.3. Mixing time determination

Mixing time experiments were performed in the acrylic
mimic of the 250 mL bioreactor using the colorimetric acid
base reaction technique, known as Dual Indicator System for
Mixing Time (DISMT) (Melton et al., 2002). The DISMT method
uses two pH indicators: (i) Methyl red, which is red under
acidic conditions and (ii) Thymol blue, which is blue under
basic condition. Both indicators show yellow in neutral pH
ranges of 5.6 — 8.0. For mixing time measurements an acid-
ified DISMT solution was added to the acrylic mimic. Rota-
tional speed was set at the desired speed between 50 and
600 rpm. Fifteen pL of 0.75M NaOH were added through the
liquid addition port and images captured with the iCube
camera until a colour change to yellow was observed. For
mixing time studies with the recirculation loop, the re-
circulation pump was initiated simultaneously with agita-
tion. Images taken were analysed and mixing time
determined using a purposely written MatLab code (Math-
works, Massachusetts, USA) which measured the change in
red, green and blue (RGB) pixels in the images over time.
Impeller and baffles were masked to enable accurate analysis
of the liquid. Mixing time is defined as a stable value of 95%
green pixels meaning the solution colour is yellow with 95%
homogeneity at ty.
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Fig. 2 - Simplified overview of a perfusion bioreactor operation. (1) medium inlet to (2) bioreactor vessel, (3) suspension

outlet recirculated using a low shear magnetic levitation pump

towards (4) cell retention device - here: membrane based

using tangential flow filtration (TFF), (5) cell recirculation loop, (6) supernatant outlet for (7) harvest collection, (8) suspension
outlet for (9) cell bleed to maintain stable cell concentrations, (10) oxygen, (11) air, (12) CO,, (13) gas mixture inlet.

2.4. Determination of power input and impeller power
number

For the determination of the impeller power number the
acrylic mimic of the 250 mL bioreactor was clamped into a
chuck jaw on an air bearing and fitted with a dual impeller
configuration on an extended impeller shaft. The impeller
was connected to a MP-Series Low inertia Servo motor
(Rockwell Automation, Milwaukee, USA) and controlled
using Ultraware software (Rockwell Automation). The dual
impeller configuration was placed at off-bottom impeller
clearance of 2.5 cm. The vessel was filled with either water,
glycerol or water-glycerol solutions. A force gauge is placed
horizontally and the distance from the sensor-jaw contact
point to the impeller shaft was measured. Prior to every
measurement the force gauge was set to zero, creating a
delay time of 30s. During the delay, the motor was set at
rotational speed between 50 and 750rpm either clockwise
(down-pumping) or counter-clockwise (up-pumping). The
force gauge measured average force over 45 s after the initial
delay.

2.5. Determination of oxygen mass transfer coefficients

The k.a measurements were conducted using the dynamic
gassing out method, where airflow rates between 25 and
100 mL min-' at agitation speeds between 50 and 600 rpm
were investigated. The test liquid was 250mL CD CHO
medium conditioned to room temperature and operational
temperature of 37°C. Dissolved oxygen (DO) levels were
measured using an electrolyte DO probe. After saturation is
reached, nitrogen sparging is introduced until DO< 5%,
subsequently followed by air sparging at the desired gas flow
and agitation rates until DO reaches > 50%. The k;a is de-
termined from the slope of the natural log of measured data
against time.

2.6. Cell culture and analytics

A single GS-CHO K1 cell line producing an IgG monoclonal
antibody was used and supplied by Lonza Biologics (Slough,
UK). Cells were cultivated in CD CHO medium (Thermo Fisher
Scientific Massachusetts, USA) supplemented with 25pM
methyl sulphoximine (MSX). Cultures were placed in a CO,
incubator (MCO-19AIC, Sanyo) at 37 °C, with 5% CO, and were
agitated on shaker tables with an orbital diameter of 25 mm
(CO, Resistant Shaker; Thermo Fisher Scientific). Viable cell
concentration as well as viability were measured using a
ViCell XR automated viability analyser (Beckman Coulter,
California, USA). Samples were diluted with PBS (Gibco,
Thermo Fisher Scientific) as required. IgG titres were de-
termined using HPLC (HPLC Agilent 1100 series; Agilent,
Santa Clara, USA) with a 1mL Protein G column (HiTrap
Protein G HP; GE Healthcare, Chicago, USA).

2.7. Perfusion operation

A bioreactor in perfusion mode was set-up according to the
process flow chart shown Fig. 2. DO was set to 30% using a
drilled-hole i-sparger, and agitation was initially set to
250rpm. To maintain the DO agitation was increased step-
wise by 30 rpm per day as required to a maximum of 500 rpm.
Perfusion was started on day 3, where cell retention was
achieved via tangential flow filtration using a hollow fibre
mPES TFF with a surface area of 88 cm?, length of 20 cm and
internal diameter of 1mm (Spektrum® MidiKros; Repligen,
Massachusetts, USA). Cell culture was circulated at flowrate
of 80 mLmin™" using a Puralev® i30SU pump with sterile,
single-use pump head (Puralev® i30SU; Levitronix, CH). A
perfusion rate between 0.5 and 1.8 reactor volumes per day
(RV d%) was applied, where media inlet and supernatant
outlet flow rates were controlled using identical peristaltic
pumps (101 U/R, Watson-Marlow, Cornwall, UK). Antifoam
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Fig. 3 — Photographs of the 250 mL sterilisable bioreactor and acrylic mimic. Both fabricated by the UCL Design and
Fabrication Facility. (A) stainless steel 250 mL novel bioreactor for cell culture; (B) acrylic mimic for hydrodynamic studies

and engineering characterisation.

was added at 1mL d™* to control foam levels during the
perfusion culture.

3. Results and discussion

The 250mlL bioreactor was specifically designed to meet
geometry requirements for perfusion cell cultures and enable
cost-effective small-scale process development while max-
imising the efficiency of the hydrodynamic environment. To
this aim, in this section design considerations were dis-
cussed and a comprehensive characterisation including gas-
liquid mass transfer coefficient, power input and mixing
time was presented. Viscosity measurements at working cell
densities were examined, leading to the requirement for a
non-Newtonian transparent cell mimic to be developed.
Mixing time experiments using the newly develop mimic
were conducted and implications for impeller spacing and
loop recirculation design are presented.

3.1.  Design considerations

The novel stirred tank geometry bioreactor was designed to
enable perfusion operation at small scale. It is common to
fabricate lab-scale and benchtop bioreactor from glass, but in
this work stainless steel was selected as material for the
reactor vessel due to limitations during the fabrication.
Stainless steel is biocompatible, sterilisable and gave

flexibility to fulfil exact design specifications. In addition, a
transparent acrylic mimic was fabricated and utilised for
hydrodynamic analysis. Photographic images of both sys-
tems are shown in Fig. 3.

A working volume of 250 mL was chosen to remain com-
parable to other small-scale bioreactors commercially avail-
able, including the ambr250°® (Sartorius) and the DasBox
(Eppendorf). Further, reactor dimensions were selected to
maintain a height to diameter ratio between 1 and 1.5, which
is typical for cell culture bioreactors (Jossen et al., 2017, Kadic
and Heindel, 2011). Although greater aspect ratios facilitate
longer residence times within the bioreactor, maximising the
potential oxygen transfer and allowing for improved tem-
perature control due to larger surface area to volume ratio,
the aspect ratio of 1.1 of the bioreactor presented in this work
is within the recommended range. Further, a liquid height
equal to 75% of the vessel height is suitable (Ravi, 2017),
leaving enough headspace to allow for foaming without
overspill and maximising the utilisation of the vessel.

A dual impeller system was selected for this bioreactor,
where a down-pumping pitched blade impeller was placed
above a Rushton turbine impeller. This was to optimise the
reactor performance for HCD perfusion cultures through
improved mass transfer, increased k;a and reduced mixing
time (Alok, 2014). Literature suggests the implementation of
multiple Rushton turbines to achieve optimal gas transfer
(Karimi et al., 2013). Previous studies also showed that
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Rushton turbine impellers are more efficient in breaking air
bubbles, increasing the risk of foaming and cell damage
(Karimi et al., 2013, Nienow, 2006, Nienow et al.,, 2013b).
However, these have been shown to induce high shear stress
whereas pitched blade impellers are associated with lower
shear and are typically used in processes with low mass
transfer demand. Very HCD perfusion cultures have an in-
creased demand for O, transfer, bubble dispersion and CO,
stripping (Flickinger, 2010, Karimi et al., 2013). Considering
these requirements, the shear sensitivity of the cells and the
additive nature of the power number an impeller system
consisting of a dual configuration consisting of a down-
pumping pitched blade above a Rushton-like turbine im-
peller was selected. Preliminary studies using different im-
peller configurations showed that a single Rushton-like
impeller does not provide the required mass transfer and a
dual impeller configuration resulted in air entrainment from
the top and excessive foaming (data not shown).

In addition, baffles of size 0.05 Dt were incorporated to
further improve the mass transfer and optimise bioreactor
performance for perfusion cultivations. Given the small vo-
lume and space restrictions of the system and the large
number of probes present during culture, it was decided to
incorporate three baffles rather than four. Typically, the
bottom of a bioreactor is round-shaped which is preferred for
solid suspensions and mixing, as well as to have a reduced
dead volume when removing water, cell suspension or
medium. However, as the bottom shape does not sig-
nificantly impact gas-liquid mass transfer, a flat base was
chosen for convenience of fabrication. Connectors to a cell
retention device were placed in the base, thus facilitating
water and medium removal. Given the fact that the 250 mL
bioreactor is a non-standard newly designed tank, en-
gineering characteristics must be determined and im-
plemented to support scale translation.
Particularly engineering characteristics with a significant
impact on culture performance, such as k;a, power input per
unit volume and mixing time must be evaluated.

successful

3.2. Oxygen transfer coefficient (k.a)

Sufficient oxygen supply becomes of concern when operating
at HCD and is critical when reproducing performance at
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different scales. Further, it must be considered that the k;a is
dependent on several geometric properties of the vessel and
process operation conditions. These include temperature,
gas bubble size determined by sparger diameter and mixing
characteristics determined by impeller geometry (Middleton,
1992). The gas bubble size was expected to decrease with
increasing agitation, thus, an increase of k;a values with
increasing agitation was expected. The smaller bubble size
provides a larger surface area available for oxygen transfer
and longer residence time of the bubbles in the bioreactor.
The temperature inversely affects the oxygen solubility. The
reducing solubility with increasing temperature would im-
pact the driving force and might facilitate rapid stripping
during the gassing out method. In addition to the geometric
properties, physical properties of the cell culture such as cell
density can influence the magnitude of the k;a values. The
utilisation of water or medium for the experimental de-
termination of k;a is not always representative. This is due to
consumption, and production of metabolites, as well as
consumption of oxygen for cell growth and production of
surface-active agents (Garcia-Ochoa and Castro, 2001).

In this work we investigated the oxygen mass transfer
and determined the oxygen mass transfer coefficient (kpa)
using the dynamic gassing out method. Experiments were
performed at room temperature and operating temperature
of 37°C with gas flow rates ranging between 25 and
100 mL min~". The impeller geometry is fixed across the two
temperatures investigated in this work. Agitation rates ty-
pical for cell culture processes were chosen for the experi-
mental determination of k;a covering speeds between 50 and
600 rpm. The experimentally obtained k;a values for room
temperature and 37 °C are shown in Fig. 4 A and B, respec-
tively. For both temperatures, an increase of k;a values with
increasing rotational speed and gas flow rate was observed.
At operational conditions (250rpm, 37 °C, gas flow rate of
50 mLmin™Y), a k a of 6 h™* was achieved for the novel 250 mL
bioreactor. This lies within the expected range based on
previously reported values for mammalian cell culture,
which are ranging from 2.5 to 8.5h™! for a bioreactor at a
scale of 250 mL fitted with a pitched blade impeller (Bareither
et al., 2013). Schwarz et al. (2020) investigated the impact of
different impeller configurations on the mass transfer in a
DasBox system retrofitted for perfusion operation. They
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Fig. 4 - Determination of oxygen mass transfer coefficient (k.a) in the 250 mL bioreactor. Measurements were conducted
using dynamic gassing out method at gas flow rates of 25-100 mL min~" and N = 100-600 rpm. (A) k,a at room temperature;

(B) kra at 37 °C. Data is represented as average of 2 replicates.
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reported k;a values of 29.2 h™* and 19.5 h™* with and without
additional air sparging, respectively, for a dual impeller
system made of a Rushton-like impeller (top) and a pitched
blade impeller (bottom), in a reversed order as presented in
this work. It is noteworthy that the large differences ob-
served in k;a values could be due to the different vessel
geometries and sparger designs. Interestingly, at the opera-
tional temperature of 37 °C and above a rotational speed of
400rpm, the kja increased drastically whereas at room
temperature a similarly drastic increase was not observed
(Fig. 4A), thus demonstrating the strong dependence of k;a
on temperature and rotational speed. The higher agitation
could lead to bubble breakage, which increases surface area
and facilitates longer residence times of the gas bubbles in
the reactor. Further, in this work CD CHO medium was used
as working fluid. As the medium contains salts, sugars and
other additives, the liquid phase has different composition at
different temperatures, as temperature-sensitive ingredients
may degrade. The possible difference in compositions at
37 °C, in comparison to room temperature, could potentially
prevent bubble coalescing, hence affecting the k;a, and only
becoming apparent at higher agitation rates.

3.3. Power input

The power number is a dimensionless number related to the
impeller type, impeller blade thickness, and impeller dia-
meter to tank diameter (D;:Dy) ratio (Chapple et al., 2002). In
pitched blade impeller systems, the D;:Dr is the most sig-
nificant parameter impacting the power input (Chapple et al.,
2002), whereas for Rushton turbine impeller the blade
thickness is expected to influence the power input. Reported
power numbers for pitched blade impellers vary between
0.25 and 0.75 (Nienow, 2006, Nienow and Miles, 1971) and for
Rushton turbines between 4.5 and 6.5. The ratio of impeller
blade thickness to impeller diameter is often greater in small
scale bioreactors due to fabrication requirements, challenges
in fabricating micron-sized blades, in addition to the risk of
breakage of very thin blades during operation. In this work
this led to the need to accurately determine the power
number of the newly designed and non-standard system.

Fig. 5 shows the power number for water, glycerol and a
water/glycerol mixture at increasing Reynolds numbers
when rotating the impeller in down-pumping and up-
pumping modes. Fluids with higher viscosity (glycerol,
water/glycerol mixture) than water were required for ex-
periments with rotational speeds sufficiently low that mea-
surements could not be accurately performed with a water-
like solution. The viscosity was measured at room tempera-
ture at 7.9 x 10 and 3.6 x 10 m? s™* for 100% glycerol and a
mixture consisting of 75% glycerol and 25% water, respec-
tively, and these values were used for the Reynolds number
calculation. As expected, power numbers were comparable
between down-pumping and up-pumping modes for the dual
impeller system incorporated in the 250 mL bioreactor given
the symmetry of the configuration of the acrylic reactor
(Fig. 5). The evaluation of power number against Reynolds
number for both configurations showed the expected pat-
terns of decreasing power numbers with increasing Reynolds
numbers through the laminar and transitional flow regime as
shown in Fig. 5. The impeller power number (Np) was found
to be 4.9 + 0.2 for the dual impeller system in both up-
pumping and down-pumping configurations. This value is
within the range of 4.5 - 6.5 for Rushton turbines (Nienow
and Miles, 1971). However, accurate power number studies
for dual impeller systems are difficult to find in the published
literature, and even more so for a dual system using two
different impeller types. For all dual systems the power
number is largely dependent on the impeller spacing (Bates
et al., 1963) as well as on the blade thickness to impeller
diameter ratio (Chapple et al, 2002), among other
factors. Bates et al. (1963) measured power characteristics for
dual impeller systems and found that, for a mixed RT-PBT
configuration, the total power number was equal to the sum
of impeller power numbers when impeller spacing was equal
to one impeller diameter, which is the distance selected in
this work. Chapple et al. (2002) compared their power
number results and those of others for a RT at different blade
thicknesses to impeller diameter ratios and found that a
Rushton turbine had a power number of approx. 4 for an
impeller thickness to impeller diameter ratio equal to 0.05 as
in this work. Given that power numbers for pitched blade
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turbines are reported to be between 0.5 and 1.2, depending
on geometrical characteristics, a total power number of 4.9
for the dual impeller system used in this work is justified.
CFD simulations are ongoing to further investigate the power
consumption, the resulting flow and level of impeller inter-
action for the selected design. It was expected to observe
similar power numbers for the down- and up-pumping
configurations as the acrylic mimic had no probes and was
thus symmetrical during these measurements. It should be
noted that the power number might change in the presence
of probes and this is the subject of further investigations.

3.4. Viscosity in HCD cell cultures and impact of HCD on
mixing dynamics

When operating a perfusion process at HCD, it is important
to consider possible changes in the rheological properties of
the liquid occurring throughout the process. While suspen-
sions during fed-batch operations have rheological proper-
ties similar to water, this is expected to be different for very
HCD cultivations. In particular the viscosity is expected to
change, however measurements of rheological properties of
representative cell culture suspension at increasing viable
cell concentration (VCC) are rarely conducted and such data
are currently not available in the published literature.

To mimic mixing time experimentations of HCD cultures,
the viscosity of HCD CHO cell cultures was measured at dif-
ferent cell concentrations (20-100x10° cells mL™") and at
constant temperature (T=37°C). Fig. 6 presents viscosity
measurements of CHO cell culture at different cell con-
centrations and the development of a model fluid to mimic
HCD cell culture. Fig. 6A shows that at VCCs below 40 x 10°
cells mL™" mixtures showed similar rheological properties as
water at 0.8 — 1.0x 1073 Pas for y=10 - 1000s~'. However,
suspensions at higher VCCs exhibit a non-Newtonian shear-
thinning behaviour, where viscosity decreases with in-
creasing shear rate, and minimum apparent viscosity values
of 0.98, 1.0, and 1.3 x 1072 for 60, 80 and 100 x 10° cells mL™*
were obtained, respectively, at a shear rate of 1000 st Fur-
ther, viscosities increase up to 3-fold at HCD compared to
conventional cell density (CCD) at y < 40s™* (Fig. 6A). For
shear rates below 40s7%, high variability of viscosity is ob-
served over all VCCs due to the shear rate lying outside the
range of accuracy for the rheometer used.

A typical perfusion bioreactor run aims to achieve a stable
cell concentration of 100x10° cells mL™?, the viscosity and
fluid type determined for this cell concentration was utilised
for calculations relating to HCD operation in this bioreactor.
The average shear rate at which measurements were con-
ducted was 45.4s7" relating to an apparent viscosity of
1.8 x 107 Pas. HCD cell suspensions at operating conditions
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had a viscosity approximately twice that of water. However,
this meant that mixing time experiments, usually conducted
using water-like viscosity solutions, might not accurately
represent HCD cultures. Hence, to ensure accurate re-
presentation of HCD viscosity in a transparent model fluid
required for mixing time experimentation, solutions of so-
dium alginate at different concentrations (NaAlg, 5x10™* -
2.5x107% v/v) were made and their apparent viscosity
measured at different shear rates. Results are shown
in Figs. 6 B and C. Good similarity was observed between the
viscosity results of the solution at 8.3x10™% v/v NaAlg
concentration to CHO cell suspensions with a VCC of
100 x 10° cells mL™* at y > 37s™* (Fig. 6C). Mixing time ex-
periments were then conducted using the NaAlg solution at
8.3 x 10™*% to enable prediction of mixing hydrodynamics at
HCD and results are presented in Fig. 7A. The CHO cell cul-
tures at high cell concentration and thus the HCD mimic
have shear thinning properties at increasing agitation ran-
ging from 2.4 x 1073 Pa s at 50 rpm to 1.6 x 10~ Pa s at 600 rpm.
Figs. 7A and 7B shows mixing time results obtained at in-
creasing rotational speed and increasing Reynolds number
for both solutions. The HCD mimic showed a nearly 2-fold
increased mixing time compared to water at the lowest ro-
tational speed investigated in this work (Fig. 7A). The di-
mensionless mixing time against Reynolds showed
similarities between water and the HCD mimic with values
between 13 - 24 for water and 18 - 29 for the HCD mimic,
respectively, at Re < 5600 (Fig. 7B). It was expected to obtain
lower mixing numbers for the dual impeller configuration
than for single impeller configurations previously presented
in literature. For a single Rushton-like impeller mixing
numbers of 24 (Liepe et al., 1998) and for single pitched blade
impeller mixing numbers in range of 30 - 34 (Liepe et al,,
1998, Kaiser et al., 2011) were reported. A constant mixing
number was obtained across the Reynolds number range
investigated. This means that fluid flow is likely to be fully
turbulent well below values commonly defined as boundary
between transition and turbulent (Re =10,000). Similar re-
sults were previously reported in literature, where turbulent
fluid flow was achieved for Reynolds numbers as low as 5600
(Samaras et al., 2020a, Zhang et al., 2017). It is noted that the
non-Newtonian behaviour of the CHO cell lines at high cell

concentrations is mild, and the viscosity does not increase
significantly above that of water, hence for the cell con-
centrations studied in this work a water-like solution is a
sufficient model of fluid. It is very critical that the type of
fluid and the change in viscosity during the process are
considered and accurately quantified, for example for dif-
ferent concentrations, mammalian cell lines and media
combinations, to ensure Reynolds number calculations and
equipment design considerations are made using the correct
viscosity values.

3.5.  Impact of H; on mixing time

In addition to the measurement of power number and k;a,
mixing time (tv) can be used as scaling parameter and is
often determined to quantify mixing efficiency. In this work,
the mixing time was measured at varying impeller locations
to ensure the design which provided the best mixing was
selected. In addition, flat bottom vessels are prone to dead
zones (Samaras et al., 2020b), hence, to achieve homogeneity
of the bulk liquid, two impeller off-bottom clearances were
evaluated for the dual impeller system, namely a clearance
of 0.25:1 Hy:Hr (H; = 2.5 cm) and a clearance of 0.1:1 Hy:Hy (H; =
lcm), and mixing experiments were conducted at both
configurations.

Fig. 8 shows mixing time measurements obtained using
water as working fluid at different rotational speeds and at
increasing Reynolds number. For N < 150 rpm (Re <2600) a
difference in mixing performance between the two config-
urations can be observed, where faster mixing times were
observed when the impeller was set at the higher clearance.
At N > 150rpm, mixing times observed were comparable
between both configurations, tending asymptotically to va-
lues of 3 — 657! as shown in Fig. 8A. The evaluation of the
dimensionless mixing number ty *N and its variation with
Reynolds number is presented in Fig. 8B, showing compar-
able results for both configurations. Further, an increase of ty
*N was observed throughout the transitional flow regime.
This is most likely due to the fact that the technique has a
lower measurement limit and mixing time is approaching
values close to or outside the range of measurement. Overall,
for the off-bottom clearance with a H; =2.5cm the
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dimensionless mixing number values, ty *N, were more
consistent and found to be in the range of 14 - 26 compared
to 14 - 34 for H; =1cm. Comparisons of these results with
previously published data are challenging as mixing num-
bers have been often reported only for one impeller systems.
As an example, for the Rushton-like impeller mixing number
values of 24 were reported (Liepe et al., 1998), while for pit-
ched blade impellers mixing numbers of 30 — 34 were ob-
tained (Liepe et al., 1998, Kaiser et al., 2011). The mixing
dynamics in a dual impeller system would likely depend not
only on each impeller geometry but also on the spacing be-
tween the two and interactions with other internals and it is
difficult to predict how the mixing number would vary in
these cases if not directly measured.

3.6. Impact of recirculation loop

While fed-batch processes are characterised by feed addi-
tion, bioreactors in perfusion mode are similar to a chemo-
stat as they are characterised by a continuous medium
removal compensated by feed addition. However, differently
from a chemostat, a perfusion bioreactor has an additional
cell retention and recirculation loop to return cells back to
the bioreactor. Cell suspension is continuously circled
through a cell retention device, separating spent medium
and product from cells. The cells are then returned to the
bioreactor, whereas the supernatant is transferred to harvest
tanks (Bielser et al., 2018). In large scale systems the cell re-
circulation is often designed to be below the liquid level
(Martens et al., 2014). In small-scale systems, the return of
cells is often from above the liquid level and delivered from
the headplate, due to space limitations inside the bioreactor.
In this work the impact of the recirculation loop on the bulk
hydrodynamics was investigated for two configurations,
namely a recirculation from the headplate (above the liquid
level) and from a side port (below the liquid level). Mixing
time was measured at increasing rotational speeds for both
configurations and compared to mixing times without re-
circulation using water as model fluid and results are pre-
sented in Fig. 9 A and B. The recirculation flow rate was held
constant at 80 mLmin~', which is equal to the operational

flow rate used in the biological experiments. Overall, the
mixing times in the bioreactor with recirculation below the
liquid level were comparable to those obtained without re-
circulation, and this was noted across the range of agitation
speeds tested (Fig. 9A). Mixing times of 22 + 4.4s7" for the
bioreactor with side recirculation and 23 + 2.4s™ with no
recirculation were obtained at a rotational speed of 50 rpm.
In contrast, the mixing time with top recirculation at the
same speed was significantly lower and equal to 12 + 1.9s7%.
The increment seen for the side port recirculation resulted
from the return of fluid below the liquid level, whereas for
the top recirculation the returned cell suspension was added
above the liquid level. The latter induced a different mixing
pattern and possibly higher turbulence levels, resulting in
lower mixing times when top recirculation was used at the
same rotational speed. At agitation speeds higher than
200 rpm, mixing times become comparable for all config-
urations tested and for agitation speeds greater than
250rpm, mixing times of 6.0 + 1.1s7, 3.8 + 0.5s57%, and
4.1 + 0.7s7! were obtained for the bioreactor with no, side,
and top recirculation, respectively. Detailed CFD simulations
are ongoing to better understand the impact of the re-
circulation location and provide insight on the reasons be-
hind the observed results.

Fig. 9B shows the dimensionless mixing number variation
at increasing Reynolds number with no, side and top port
recirculation configuration. The presence of the recirculation
does not have a significant impact on the flow regime inside
the bioreactor. At Re > 2000, ty *N is consistent for top and
side port configurations, however, for Re < 2000, a decrease
of ty *N was observed for vessels with top recirculation
configurations (Fig. 9B). This was most likely due to increased
turbulence within the bioreactor induced from the cell return
above the liquid level. In contrast, the absence of the re-
circulation loop resulted in higher ty *N values across the
range of Reynolds numbers. This suggests that recirculation
affects the hydrodynamics of the bioreactor system at agi-
tation speed within the range used for biological experiments
in this bioreactor.

Examining the influence of the perfusion recirculation on
mixing dynamics at operational recirculation flow rate
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showed that for rotational speeds typical for cell culture
processes (>250rpm) comparable mixing dynamics were
obtained for side and top recirculation. In order to better
understand the impact of the recirculation loop, mixing time
experiments were conducted for a range of recirculation
flowrates through the side port without additional agitation,
and results are presented in Fig. 9C. Flowrates ranging from
40 to 140 mL min~"! were investigated for the side port con-
figuration, while the flow rate for the top port configuration
remained constant at the operational flowrate of 80mL
min~. The increase of the recirculation flowrate resulted in a
reduction of mixing time for the side port experiments.
Mixing times of 240 + 41s™* and 50 = 7s™* at 40 mL min™*
and 140 mL min~?, respectively, were obtained. Comparing
both configurations at the operational flowrate of 80 mL
min~}, it is noted that recirculating from the top port resulted
in lower mixing times of 32 + 85~ compared to 102 + 28s™*
for side port recirculation (Fig. 9C). The lower mixing times
obtained for the top port in comparison to the side port re-
circulation in non-agitated systems is an indication of higher
turbulence levels likely present for top fluid additions. While
the difference between mixing times was significant in the

absence of agitation, the impact was less significant when
agitation was introduced.

Based on these findings the side port recirculation was
utilised in the design of the 250 mL perfusion bioreactor due
to space restrictions on the headplate and to limit the tur-
bulence experiences by the cells during cultivation. The
possible reduction of turbulence levels at the top of the re-
actor was beneficial for the cell culture as it reduced foaming,
a common problem in high cell density processes, which in
turn reduced cell damage via bubble bursting effect. This
solution would also limit the use of anti-foaming agents,
known to affect cellular health through osmolality.

3.7. Development of perfusion methodology in the 250 mL
bioreactor

Following the design and characterisation of the bioreactor,
perfusion cell culture experiments at varying perfusion rates
were carried out to show the capabilities of the system and
validate the bioreactor for this specific operation. The system
was operated at perfusion rates of 0.5, 1.0 and 1.8 RV d~* and
cell retention was achieved via a TFF system with a
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recirculation flow rate of 80 mL min™". Fig. 10 A and B show,
perfusion cultures were successfully conducted for all three
perfusion rates, however significant differences regarding
cell growth and productivities were observed. Cultures with
an exchange rate of 0.5 RV d~* achieved maximum VCCs of
55x10° cells mL™" on day 11 and maintained high viabilities
(>88%) for the duration of the culture. Cultures with the
highest exchange rate of 1.8 RV d™' achieved significantly
higher VCC peaking at 96x10° cells mL™ on day 8 but ob-
served a reduction of viability to 75% from day 8. In com-
parison, cultures perfused at the intermediate perfusion rate
of 1RV d™" achieved VCCs up to 86x10° cells mL™" which were
maintained over the duration of several days with vi-
abilities > 96% (Fig. 10A).

Monoclonal antibody titres were highest in cultures with
perfusion rate of 1.0 RV d~%, obtaining a maximum titre of
1.9gL™" (Fig. 10B). At the highest perfusion rate of 1.8 RV d*
the product stream was diluted, thus resulting in lower
maximum titres of 0.6 gL.* whereas for the lowest perfusion
rate of 0.5 RV d~! the product was concentrated resulting in
higher titres, reaching a maximum value of 1.3gL™. How-
ever, despite the lower titres obtained at the highest perfu-
sion rate, the volumetric productivity was improved
compared to cultures with low perfusion rates, with pro-
ductivity values of 0.64 and 0.32gL™" d™* for 1.8 and 0.5 RV
d™, respectively. Highest volumetric productivities of 0.
87 gL.™! d'were obtained in culture with a perfusion rate of 1
RV d™’. This was due to the improvements in the maximum
titres, which outweigh the decrease of product volume. Fur-
ther, cell specific productivities (Qmap) Were comparable over
all perfusion rates achieving values of 23.7, 22.1, and 23.6 pg
cell* d? for perfusion rates of 0.5, 1.0, and 1.8 RV d?, re-
spectively.

Perfusion cultures were successfully implemented in the
250mL bioreactor for a range of perfusion rates. The -
sparger in combination with the dual impeller system pro-
vided adequate k;a values to enable HCD, where agitation
was started at 250rpm and increased stepwise to a max-
imum of 310 rpm on day 8. The TFF system was able to retain
cells throughout the cultivation duration maintaining a se-
paration efficiency of 100%. Pressure build ups as indicators
for membrane pore clogging were not observed. Changes in
perfusion rate were managed by varying the inlet and outlet

flowrate through adaptation of the pump rate of the peri-
staltic pumps. The minimum feasible perfusion rate was 0.5
RV d. Lower perfusion rates could not be implemented as
the impact of flowrate fluctuations ( + 0.02mLmin™) be-
come hindering over time and was greatest at low perfusion
rates. Maximum VCC of 93x10° cells mL™" were achieved for
cultures perfused at 1.8 RV d~'. However, at this flowrate
significant foaming was observed, likely impacting cell via-
bility due to bubble bursting (Walls et al., 2017) and indirectly
by higher osmolality values due to antifoam addition.
Cultures with a perfusion rate of 1.0 RV d™* generated im-
proved titres and volumetric productivities despite lower
VCCs in comparison to other perfusion rates tested.
Performance at this perfusion rate was found to be compar-
able to perfusion cultures conducted in DasBox bioreactors at
identical scale, where cell densities of 100x10° cells mL™ for
a GS-CHO cell line were reported (Chotteau, 2017). Moreover,
it is noteworthy that the 250 mL bioreactor was capable of
supporting HCD cultures close to typical cell densities of
100x10° cells mL™ commonly reported for perfusion cell
culture (Chotteau, 2015, Clincke et al., 2013b).

4. Conclusion

This paper presented the design and characterisation of a
sub-litre bioreactor to be used for cell culture operations in
perfusion mode. The 250mL bioreactor was designed to
maximise the efficiency of the hydrodynamic environment
and mass transfer, in addition to other geometry and space
constraints. During bioprocess development, the engineering
characterisation is important to gain a deep understanding
of the hydrodynamics within the system to inform suc-
cessful scaling efforts. Values for kia, power input and
mixing time achieved with the novel 250 mL bioreactor were
within the ranges given in literature for larger scale bior-
eactors. Furthermore, the design of a multiple impeller
system improved oxygen mass transfer and allowed suc-
cessful perfusion operation at industrially relevant cell den-
sities. Further, recent improvements around fabrication of
small sterilisable impellers could make additional studies for
different impeller configurations possible. In the future a
combined experimental and simulation flow analysis could
provide more insights and further extend the
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characterisation data set for this bioreactor. Several perfu-
sion cell cultures were successfully performed at different
perfusion rates in the novel bioreactor, achieving maximum
VCCs similar to targeted large scale industry operations. The
results presented shows the applicability of the system as a
tool for bioprocess development to ensure cost and time ef-
ficiency in early-stage development studies. Most im-
portantly, the bioreactor design and characterisation results
were fully disclosed with the intention to enable replication
in other academic laboratories, including the option of fur-
ther tailoring to a specific use, with the view this would help
to further adopt the perfusion technology in academia, and
furthering research in the area of biopharmaceutical manu-
facturing.
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