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ABSTRACT

This paper studies from experimental and theoretical perspectives the injection of gas in a 

stagnant solid bed via horizontal nozzles to analyse the formation of permanent jet plumes and 

subsequent bubbles detachment. Advanced 3D X-Ray imaging techniques have been developed 

and used to observe the phenomenon, as well as to quantify important process parameters (gas 

distribution, jet length, bubble size, etc.). The experimental results are compared with those 

obtained from three-dimensional computational fluid dynamics (CFD) simulations of a gas-solid 

fluidized bed with primary air injection performed through a two-orifice horizontal nozzle. The 

proposed model correctly predicts the jet penetration at all the jet velocities tested. Uneven 

distribution of air through the cross-section of the bed is also observed, with the presence of the 

same two distinct regions experimentally observed, namely a fluidized core region and a 

compacted peripheral region. However, the model fails in predicting jet interaction and curvature 

due to asynchronous bubbles detachment from the jets. This study demonstrates the usefulness 

of X-ray radiography in noninvasively visualizing detailed internal features of industrial fluidized 
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beds. These results will be used in future studies to refine CFD simulations for 3D fluidised bed 

systems.
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1. INTRODUCTION

Fluidised beds are among the most popular reactor designs for use in energy and chemical 

processing industries. The biggest advantage they provide relates to the high heat-transfer rates 

and good phase-mixing which, notably, give them uniform bed temperatures across the reactor. 

This feature makes them particularly suitable for high-temperature processes, especially those 

associated to the recent advances of low-carbon technologies, such as gasification of biomass 

and regeneration of nuclear waste [1,2]. The common assumption in these industrial cases is that 

no hot spot establishes in the reactor, as strong back mixing leads to uniform distribution of 

temperature. However, when faced with a highly exothermic reaction, significant temperature 

gradients may occur, especially for those confined regions where particle motion and gas 

distribution are poor and, consequently, hot spots could develop. The lack of vigorous motion in 

these areas allows time for permanent bonds between the particles to form through sintering, 

which in most cases lead rapidly to the defluidization of the system [3,4]. The gas distributor in 

these reactors is understandably one of the key elements to control so as to warrant uniform and 

stable fluidization across the entire bed, and therefore minimise the risk of hot spots. Various gas 

distributors are employed industrially, depending on the characteristics and the necessities of 
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the process [5]. The most common type of distributor in small scale reactors is the distributor 

plate due to its simplicity and ease of fitting between flanges. This, however, suffers from 

different drawbacks, in particular, the requirement of a high pressure underneath to minimize 

solid weepage to the plenum and thermal distortion at high temperatures [5,6]. Consequently, 

in many industrial applications, other options are adopted. Among these, the ‘nozzle standpipe’ 

is of high relevance. In this distributor, gas (in most cases hot air or steam) is introduced into the 

bed as vertical or horizontal jets at certain heights above the base of the reactor creating a high 

turbulent region with enhanced mixing of gas and solids. If the nozzles are correctly spaced and 

the holes adequately sized, this type of distributor gives excellent fluidization and allows long 

term operation, even at high temperatures [5,6]. The design of the nozzle standpipe distributor 

is rather complex, mostly due to the lack of empirical relations which take into account different 

scales of application [7].  The injection of gas in a stagnant solid bed via horizontal nozzles results 

in the formation of a permanent jet plume from which bubbles detach and rise in the bed. Chen 

and Weinstein [8] measured the penetration and shape formed by a horizontal jet in a 

rectangular fluidized bed, showing that horizontal jets form three regions: the jetting region, the 

bubble region and a surrounding compaction zone. Several correlations for predicting the 

penetration lengths of horizontal gas jets in fluidised beds have been developed [9–15]. Most of 

these studies are based on direct visual observation of jets using photographic or high-speed 

cine-film analysis, showing that the jet penetration length increases with increasing velocity of 

gas injection in gas-solid fluidized beds. However, due to the limitations of the experimental 

techniques, these studies had to be conducted on very thin reactors, implying significant walls 

interactions and, in turn, poor extrapolation of results to real systems [16,17]. The Authors have 
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overcome this problem by applying X-ray imaging for the analysis of jet penetration in large scale 

3-D beds [18]. Based on the experimental data obtained, a new and improved empirical 

correlation to predict the jet penetration has been proposed, whose validity has been checked 

with a variety of gas velocities, particle densities and sizes.

The gas injected through the nozzle with an appropriate velocity detaches from the jet and 

determines the fluidization of the bed. Mapping the distribution of the gas injected from a nozzle 

in a stagnant bed is not trivial, as poorly fluidized regions reasonably coexist with well-fluidized 

parts; Chen and Weinstein [8] investigated the behaviour of a lateral injection of gas in a bi-

dimensional fluidized bed, where a distributor plate fed the primary gas source. The results 

emphasized the changes in the voidage of the region surrounding the gas injection, highlighting 

the presence of a compacted region where the voidage is smaller than that establishing before 

gas injection. This mechanism, which takes place when the nozzle represents the primary source 

of gas in the bed, would result in the presence of poorly fluidized regions in the bed: 

consequently, it is common practice to employ a relatively large number of nozzles to fluidize a 

single bed. However, optimizing the number of nozzles is a rather challenging operation, in 

particular, due to limits related to different scales of applications between the lab and the final 

reactors. This eventually results in an overestimation of the number of nozzles required as 

distributors, leading to a cost increase of the reactor. 

In this work, we analyse the gas distribution in the bed generated by primary injections via nozzle-

type distributors, using non-invasive X-ray imaging technique. We also investigate the possibility 

offered by typical CFD models in simulating this kind of systems, as numerical modelling could 

represent a useful aid for the design and optimization of nozzles-type gas distributors in industrial 
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reactors. To date, CFD simulations have been mainly performed to describe systems where the 

primary gas injection is established through a perforated plate. In most cases, gas jets have  been 

simulated when used for secondary gas injections [19,20] or in the case of spouted beds [21–24]. 

For example, Hong et al. [11] performed two-dimensional simulations to study the inclined jet 

penetration of secondary gas injections into a fluidized bed. However, the two-dimensional 

approximation of the domain is not justifiable due to the inherent three-dimensional features of 

the simulated system [19]. In literature, only a few three-dimensional CFD simulations of fluidized 

beds are available [19,25–28], mostly due to their high computational cost. Nonetheless, their 

results show better agreement with experimental data, hence they are becoming increasingly 

popular for industrial applications. 

This study aims at investigating the gas distribution generated by a two-orifice nozzle in a 3-D 

fluidized bed reactor through X-ray imaging, with emphasis on the coexistence of non-fluidized 

regions despite operating the bed at gas superficial velocities above incipient fluidization. The 

non-intrusive nature of the technique employed gives confidence that the observed gas 

distribution and jet penetration lengths are accurate and not affected by measurement artefacts 

that may jeopardize alternative methods. Finally, we compare the experimental results with 

those obtained from a 3-D CFD simulation of the bed, highlighting the degree to which the 

proposed model is able to reproduce the phenomenology of gas injection and distribution.
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2. MATERIALS AND METHODS

2.1 Experimental

A 150 mm ID Perspex square reactor has been employed as a fluidization column. Technical air 

at 5 bars is injected in the bed using a two-orifice industrial-scale nozzle, located along the axis 

of the column, at the height of 25 cm from the bottom. The nozzle is realized in Acrylonitrile-

Butadiene-Styrene with a 3D printer and is characterized by an orifice diameter d0 = 4.1 mm. A 

schematic representation of the fluidized bed and the main features of the nozzle are outlined in 

Figure 1.

A high-power pulsed X-ray system [18,29] has been employed to record the images in the jetting 

area. The X-Ray system is a non-intrusive analysis tool that can provide a detailed insight of 

multiphase systems that would be otherwise inaccessible. The X-Ray pulses pass through the 

vessel, or the reactor of interest, while an image-detecting device (Image intensifier + Camera) 

captures the pulses at a certain frequency. When the X-Rays pass through a material they get 

attenuated through scattering, absorption and reflection processes depending on the material 

interposed on its path: a grayscale image will be generated where black represents a full 

absorbing material on the path of the X-Ray and white is almost complete void. Given that 

different materials result in different absorption, the multiphase distribution in the vessel or the 

reactor can be deducted.

The image-capturing device is a standard 30 cm Industrial X-Ray Image Intensifier, and it is 

composed of a scintillator input window, a photocathode, electron optics, a luminescent screen 

and an output window. The image intensifier can detect and amplify the radioactive beam 
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emerging from the vessel, which is then converted into a grayscale image and recorded by a 1024 

x 1024 pixel high-speed charge-coupled device (CDD) camera at 72 frames-per-second. The 

configuration of the X-ray system and the rig used in this study are outlined in Figure 1.

The material tested was sand, with particle density  and particle size 𝜌𝑝 = 2500 kg/m3 𝑑𝑝 = 200 

. This powder belongs to the Group B of Geldart classification of powders [30], hence the μm

minimum fluidization velocity umf and the minimum bubbling velocity umb are approximately 

equal. The incipient fluidization velocity has been computed according to Wen and Yu [31], and 

is equal to umf = 4.6 cm/s.
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Figure 1 – Schematic of the nozzle (left side), the experimental rig and the X-ray configuration (right 

side)

The static height of the bed was  from the bottom of the bed, which corresponds to 𝐻0 = 65 cm

a bed of 40 cm above the nozzle level. Images were recorded at different flow rates, which 

correspond to different jet velocities , where Q is the flow rate, do is the orifice 𝑣𝑗 = 𝑄/(𝜋 𝑑2
𝑜 4 𝑛)

diameter and n is the number of orifices. Values of flow rates in the range between 20 L/min and 
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80 L/min have been tested. The flow rate was set to the maximum value (80 L/min) and then 

decreased by 5 L/min in each experiment, down to the minimum value tested (20 L/min). 

The resolution of the images obtained with the X-ray system allowed visualising and measuring 

the horizontal jet penetration (Lj) frame by frame. Jet penetration has been measured for both 

left and right jet at different jet velocities. 

Specific scripts for the quantitative analysis of the bed height, the average fluid-bed voidage and 

the voidage distribution have been developed by using different built-in MATLAB functions. With 

particular regard to the bed voidage evaluation, the procedure extendedly reported by Yates and 

co-workers [32] that is based on the Beer-Lambert relationship between the attenuation of the 

X-ray beam and the resulting image intensity, was used

𝐼 = 𝐼0exp ( ‒ 𝜇𝑚𝜌𝑏𝑙) (1)

where I is the X-ray energy recorded by a detector,  is the mass absorption coefficient for the 𝜇𝑚

material,  is the material density, and  is the X-ray path length through the medium. Typical 𝜌𝑏 𝑙

medical-type X-Ray systems produce 2D images that are 2D “shadow” images of a 3D object. 

Since most of industrial nozzle applications involve multiple jets that evolve in space and time, a 

3D representation could help revealing important details on the interphase between gas and 

emulsion phases. A stereographic method has been employed in this work to reconstruct the 3D 

shapes of the jets and bubbles for direct comparison with 3D CFD models. In this work, the 

reactor was rotated in front of the X-Ray imaging system, while recording the internal flow 

pattern from multiple angles. Each point of view was recorded for 10 seconds at a rate of 36 

Electronic copy available at: https://ssrn.com/abstract=3981654



frames per second (fps), then an average image representative of the 360 total ones for each 

angle of view was generated through a specially designed code. The various time-averaged 

images are then used to reconstruct the 3D model and the tomographies of the object of interest. 

The main objective of this methodology was to produce a model of a specific system from a finite 

number of its projections, in order to ease comparison with 3D images from CFD simulations. 

2.2 The model

The proposed model is based on a Euler-Euler two-phase scheme where the two phases are 

treated as interpenetrating continua identified by their phase fraction. This model is commonly 

employed to simulate fluidized bed reactors. However, this model has not been successfully used 

yet in the description of the gas-fluidized bed where the primary gas injection is achieved with a 

standpipe nozzle. Model equations are listed in Tables 1.

A three-dimensional domain representative of the vessel was simulated (Figure 2), reproducing 

the same geometrical and operating conditions of the experimental phase described in Section 

2.1. The vessel height was 1 m and its diameter 15 cm. Air was injected through a nozzle with a 

2 cm diameter and two orifices of 4 mm diameter, whose centres are located at a height of 24 

cm from the bottom of the bed. The static height of the bed was 65 cm. Since the geometry and 

flow conditions appeared to be symmetric with the plane going through the axes of the vessel 

and the nozzle, the symmetry condition [20] has been employed on the right vertical surface of 

the domain, representing this plane. This allowed simulating only half of the vessel, hence 

significantly decreasing the computational effort. A no-slip condition  [33] was applied to the 

other vertical surfaces and the bottom surface. Mass fluxes through these surfaces were set to 
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zero. Air was injected through the nozzle orifice at three different velocities, respectively 30 m/s, 

35 m/s and 40 m/s. To avoid numerical instabilities, the air injection velocity has been ramped 

up linearly in a two-second time.

Figure 2 – Calculation domain and relevant boundary conditions

The commercial software Ansys Fluent 16 was used to integrate the model numerically. This code 

employs the finite volume method to convert the differential equations into a set of algebraic 

equations. Pressure and velocity were coupled with the Simultaneous Solution of Non-linearly 

Coupled Equation (SIMPLE) algorithm [34]. The time step was fixed at 0.0005 s [33,35]. A uniform 

grid with a grid size of 5 mm has been employed in the simulations. In literature, it has been 

reported that the grid size of 5 mm is sufficiently small for obtaining a grid-independent 

numerical solution for bubbling fluidized beds for both 2D and 3D simulations [25,33,36]. 
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Table 1 - Model equations for CFD simulation

Continuity Equation  
∂
∂𝑡(𝛼𝑖𝜌𝑖) + ∇ ∙ (𝛼𝑖𝜌𝑖𝒗𝒊) = 0

Momentum balance 

equation

 
∂
∂𝑡(𝛼𝑖𝜌𝑖𝒗𝒊) + ∇ ∙ (𝛼𝑖𝜌𝑖𝒗𝒊𝒗𝒊) =‒ 𝛼𝑖∇p + ∇ ∙ 𝛕𝒊 + 𝛼𝑖𝜌𝑖𝒈 + ∑𝑛

𝑗 = 1𝐾𝑑𝑟𝑎𝑔(𝒗𝒋 ‒ 𝒗𝒊)

Gas phase stress 

tensor

 𝛕𝒈 =‒
2
3𝜇𝑔𝑡𝑟(𝑫𝒈)𝑰 + 2𝜇𝑔𝑫𝒈 [37]

Fluid-solid drag 

coefficient 

 𝐾𝑑𝑟𝑎𝑔 =
3
4

 𝛼𝑠𝛼𝑔𝜌𝑔

4 𝑣 2
𝑡,𝑠𝑑𝑝

𝐶𝐷(𝑅𝑒𝑠

𝑣𝑡,  𝑠) [38]

Terminal velocity for 

the solid phase

 𝑣𝑡,  𝑠 = 0.5(𝐴 ‒ 0.06𝑅𝑒𝑠 + (0.06𝑅𝑒𝑠)2 + 0.12𝑅𝑒𝑠(2𝐵 ‒ 𝐴) + 𝐴2

 𝐴 = 𝛼4.14
𝑔

 𝐵 = {0.8𝛼1.28
𝑔 ,  𝛼𝑔 ≤ 0.85

𝛼2.65
𝑔 ,  𝛼𝑔 > 0.85

[39]

Drag function
 𝐶𝐷 = (0.63 +

4.8
𝑅𝑒𝑠 𝑣𝑡,𝑠

)2 [40]

Solid phase stress 

tensor

 𝛕𝒔 =‒ [𝑝𝑠 ‒ (𝜆𝑠 ‒
2
3𝜇𝑠)𝑡𝑟(𝑫𝒔)]𝑰 + 2𝜇𝑠𝑫𝒔 [41]

Granular 

temperature 

 
3
2[ ∂

∂𝑡(𝛼𝑠𝜌𝑠𝛩) + ∇ ∙ (𝛼𝑠𝜌𝑠𝒗𝒔𝛩)] = 𝝉𝒔:∇𝒗𝒔 + ∇ ∙ (𝑘𝛩∇𝛩) ‒ 𝛾 + 𝜙

 𝜙 =‒ 3𝐾𝑑𝑟𝑎𝑔𝛩

 𝛾 =
12(1 ‒ 𝑒2)𝑔0

𝑑𝑝 𝜋 𝜌𝑠𝛼𝑠
2𝛩

3
2

[41]

Solid pressure  𝑝𝑠 = 2𝜌𝑠(1 + 𝑒)𝛼2
𝑠𝑔0𝛩 [38]

Solid shear viscosity
 𝜇𝑠 =

4
5𝛼𝑠𝜌𝑠𝑑𝑝𝑔0(1 + 𝑒)(𝛩

𝜋)1/2
𝛼𝑠 +

𝛼𝑠𝜌𝑠𝑑𝑝 𝛩𝜋

6(3 ‒ 𝑒) [1 +
2

5(1 + 𝑒)(3𝑒 ‒ 1)𝛼𝑠𝑔0] [38]

Solid bulk viscosity
 𝜆𝑠 =

4
3𝛼2

𝑠𝜌𝑠𝑑𝑝𝑔0(1 + 𝑒) (𝛩
𝜋)1/2 [42]

Frictional stress  𝜏𝑠 = {𝜏𝑠,𝑘        𝛼𝑠 ≤ 𝛼𝑓
𝜏𝑠,𝑓         𝛼𝑠 > 𝛼𝑓

[38]

Frictional pressure
 𝑝𝑠,𝑓 = {0                                      𝛼𝑠 ≤ 𝛼𝑓

1025𝛼𝑠(𝛼𝑠 ‒ 𝛼𝑓)        𝛼𝑠 > 𝛼𝑓
[38]

Frictional viscosity
 𝜇𝑠,𝑓 =

𝑝𝑠,𝑓 2sin 𝜑

2 𝑫𝒔:𝑫𝒔

[43]
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3. RESULTS AND DISCUSSION

3.1 Jets behaviour

The X-ray imaging technique allowed the direct observation of the hydrodynamics in the jetting 

area (Error! Reference source not found.).  The images in Figure 3 show two distinct fluidizing 

jets. The two jets interact with each other by converging toward the axes of the reactor, forming 

a triangular structure above which bubbles break off. Subsequently, bubbles tend to rise along 

the reactor axis forming a bubble train. The two jets appeared stable in time, without any 

fluctuation in the penetration lengths. Surprisingly, bubbles started forming at a velocity well 

below the theoretical minimum fluidization condition, suggesting an uneven air distribution 

across the section of the reactor. The same hydrodynamic structure appeared at all the flow rates 

tested above minimum fluidization.  
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Figure 3  - Hydrodynamics evolution in the jetting region within 1.4 s, 𝑣𝑗 = 35 𝑚/𝑠
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Voidage was measured from the recorded X-ray data by applying equation (1) to 720 images 

(corresponding to approximately 10 seconds recording), then converting the as obtained time-

dependent voidage distribution into a single image, representative of the time-averaged voidage 

distribution (Error! Reference source not found.4). The experimental time-averaged voidage 

maps obtained do not allow a rigorous quantitative validation of the model since the values in 

the map are not representative of the pointwise alue of the voidage. In fact, by applying the 

Lambert-Beer model to the X-ray images, we only obtain values averaged across the chords 

corresponding to the depth of the bed. However, they enable a very accurate assessment of the 

hydrodynamic structures in the jetting area, which are identifiable in the experimental maps. The 

maps can also be easily compared with CFD results for a semi-quantitative validation. 
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Figure 4 –  Time-averaged voidage map experimentally determined. 

Error! Reference source not found.(a) shows the time-averaged voidage contour at  𝑣𝑗 = 35 𝑚/𝑠

obtained from the simulation, for the right-side jet. A clear hydrodynamic pattern can be 

identified: air penetrates in the bed as a horizontal jet at the level of the two opposite nozzle 

orifices; it bends upwards by approximately 90° and generates a vertical line of bubbles. A 

specular trend is reproduced for the left side of the reactor due to the symmetry condition 

imposed by the model. Similar patterns have been recognized at all jet velocities simulated.
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Figure 5 – (a) Voidage contour from simulation in the x-z plane at . (b) Hydrodynamics in the 𝑣𝑗 = 35 𝑚/𝑠
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Error! Reference source not found.5(b) reports the direct comparison of the hydrodynamic 

structures in the jetting region comparing the computed voidage distribution with the 

experimental time-averaged voidage map. A sound reproduction of the jet is clearly obtained. 

However, the model seems to be failing in reproducing the curvature of the jets towards the 

central axis, as observed in the experiments.

This discrepancy might again be due to the use of the symmetry condition in the model, which 

separates the two jets and consider them completely independent from each other. Similar 

observations were made in other studies [44,45]. As a careful observation of the experimental 
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data suggests, bubbles detach in a non-synchronous manner from the jets plume, posing some 

doubts regarding the applicability of the symmetry condition (Video available in Supplementary 

Material). This asynchronous behaviour of the opposing jets leads to the migration of the bubbles 

towards the axis of the vessel, through a “leading-trailing” mechanism, where the pressure field 

determined by the first bubble allows the second bubble to follow the former, generating a single 

“train” of bubbles along the axis of the bed. Leading-trailing bubble mechanism is important in 

determining bubble size and flow pattern, and has previously been observed using other non-

invasive techniques, such as MRI [46,47] and electrical capacitance tomography (ECT) [48]. 

However, this mechanism is ignored when a symmetry condition is applied, as observed in Figure 

5, suggesting that a 3D simulation on the full domain would be more appropriate for an accurate 

reproduction of the hydrodynamics inside the bed.  The modelling of multiple jets interaction 

and  gas distribution in the spatial region above the nozzle will form part of a future, more 

detailed, X-Ray-CFD comparison study.

3.2 Jets penetration

To further support the last statement, we compared the experimental jet penetration with that 

obtained from the simulations. By defining the jet boundary at  [11,49] jet penetration 𝛼𝑔 = 0.8

is measured frame by frame. The results of the simulations are then compared with the results 

and the proposed correlation reported in Panariello et al. [18]:

𝐿𝑗

𝑑𝑜
= 𝑎 𝐹𝑟𝑏 1

(1 +
𝑑𝑝

𝑑𝑜)
𝑐 (𝜌0

𝜌𝑆)
𝑐

(1)
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Here  is the jet penetration,  is the nozzle diameter,  is the Froude number,  is the 𝐿𝑗 𝑑𝑜 𝐹𝑟 𝑑𝑝

particle diameter,  is the density of air,  is the particle density and , ,  and  are fitting 𝜌0 𝜌𝑆 𝑎 𝑏 𝑐 𝑑

parameters, respectively equal to , ,  and . 61.2 0.4 5.6 0.4

The correlation proposed in Panariello et al. was able to predict the jet penetration within 10% 

of the experimental value. As Figure 6 shows, simulations are in better agreement with the 

experimental results than the correlation. The latter was developed by correcting a pure 

hydrodynamic model (i.e. based solely on the Froude number) with the addition of “correcting 

factors” expressing the dependency of the jet penetration from particle density and size. A 

detailed mechanistic explanation of the inadequacy of the pure hydrodynamic model cannot be 

currently provided; however, the high value of  suggests that increasing  promotes gas 𝑐 𝑑𝑝

leakage from the jet to the emulsion phase; modelling of gas leakage from bubbles shows that 

the fraction of gas escaping from the bubble depends not only on the particle size, but also on 

other parameters, as the gas flow rate and minimum fluidization velocity [50]. Interplay between 

the various parameters not accounted for in  could explain the improved accuracy obtained (1)

from the CFD simulations for the prediction of the jet penetration, also suggesting potential use 

of CFD modelling for the mechanistic study of jet penetration in stagnant beds. 
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Figure 6 – Jet penetration at different jet velocities 

3.2 Gas distribution

The voidage analysis from the X-ray images provides valuable insight into the quality of the gas 

distribution in the bed. By defining  (i.e. the bed voidage at rest) as a threshold value 𝛼𝑔 = 0.43

between the fluidized and non-fluidized regions of the bed, it is possible to analyse how air 

distributes when jets are formed. Three different regions could be observed in the bed (Figure 

5b), indicating that air distribution is not uniform across the bed. In particular, further to the jets 

area, we can observe an internal fluidised green region above the nozzle that contains the 

bubbles (r/R=0 - 0.4), and a peripheral, dark-blue region (r/R > 0.4) with values of solid fraction 

equal or even higher than that of the bed at rest, i.e. a compacted zone. This uneven gas 

distribution was expected and explains the observed discrepancy between the theoretical 

minimum fluidization flow rates, referred to the whole bed cross-section, and the experimentally 
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observed minimum fluidization condition. The presence of distinct regions in the bed is in 

agreement with other works [8]. This effect can be mitigated by increasing the number of jets 

maintaining the overall flowrate constant, as observed by [51].

CFD simulations do confirm the presence of a peripheral compacted region and a fluidised core 

region, with the boundary between the two located at approximately r/R = 0.2 - 0.6 (depending 

on the flow rate). A very good matching was observed for the region at nozzle level or 

immediately above (z=2 cm). This is even more evident when looking at different sections of the 

bed obtained from the stereography technique (Figure 7), and their comparison with CFD 

modelling results at the same conditions ( ). Three-dimensional images are viewed 𝑣𝑗 = 35 𝑚/𝑠

using the methodology described inb Section 2.1. Additionally, the method can generate “slices” 

of the 3D image to produce 2D images of any section within the reactor. It could be observed 

that in the region immediately above the noozle (z=2cm), the bed behaves mostly as packed, with 

the exception of two distinct zones generated by continuous bubbling (local voidage comprised 

between 0.7 and 0.85). Local voidage values can be extracted from the qualitative voidage maps 

to produce quantitative graphs of the local time-averaged gas holdup along different heights 

through the reactor (Figure 8). 
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EXPERIMENT                        SIMULATION
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Figure 7 –3D reconstruction from X-ray images (time-averaged images at ), and comparison 𝑣𝑗 = 35 𝑚/𝑠

with CFD simulations at different heights (z = 0, 2, 6 cm) above the nozzle.

Good similarity can be observed between experimental and modelling results in the area close 

to the distributor (z=0-4 cm). Worse agreement is observed when looking at the gas distribution 

at higher heights of the bed (> 6 cm). This region appears with two distincts gas-rich zones on the 

sides of the square section generated by the CFD model, while centrally fluidized in the 

experiments. As previously stated, the numerical simulations seems to fail the prediction of the 

phenomenon of bubble migration towards the reactor axis, leading to poor predictability of the 

local gas distribution in this area. Nevertheless, average values across the entire section are very 

close, and in line with other studies [52]. The similarity in instantaneous gas-solid distributions 
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between the experiments and simulations in the area near the distributor provides confidence in 

the computational modelling, although a more refined version without symmetry condition is 

required for more accurate predictions at higher levels.   

Figure 8 – Modelled and experimental time-averaged void fraction profiles (at ), at different 𝑣𝑗 = 35 𝑚/𝑠

heights (z = 0, 2, 6 cm) above the nozzle.
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4. CONCLUSIONS

An analysis of the gas distribution in a 3-D fluidized bed was carried out with the use of an X-ray 

imaging system. Gas was introduced in the bed through a two-orifice nozzle-type distributor. The 

use of X-ray imaging allows the direct observation of the hydrodynamics of the bed, particularly 

important when studying the gas injection area to identify potential risk of localized solids 

stagnation and hot spots. This study highlighted the presence of a fluidized core consisting in a 

trail of rising bubbles, and an outer annular region where the powder is instead compacted. The 

experimental results are compared with those obtained from three-dimensional simulations of a 

gas-solid fluidized bed with primary air injection performed through a two-orifice horizontal 

nozzle. The proposed model correctly predicts the jet penetration at all the jet velocities tested. 

Uneven distribution of air through the cross-section of the bed is also observed, with the 

presence of the same two distinct regions that were experimentally observed, namely a fluidized 

core region and a compacted peripheral region. The model fails in predicting jet interaction and 

curvature. Further studies are intended to tackle this problem by removing the symmetry 

condition employed in this work, believed to be the main reason of discrepancy of the simulations 

from the experimental observations, due to the observed asynchrony of bubble detachment.
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List of symbols:

Symbol Description Value Ref. Units

Alphabetic

CD Drag coefficient dimensionless

d0 Nozzle diameter 4 ·10-3 m

dp Particle diameter 2 ·10-4 m

D Vessel diameter 0.15 m

D Strain rate tensor 1/s

e Coefficient of restitution 0.9 [53] dimensionless

g Gravitational acceleration 9.81 m/s2

g0 Radial distribution coefficient [38] dimensionless

H Vessel height 1 m

Hs Static bed height 0.65 m

kΘ Diffusion coefficient for granular energy [38] dimensionless

Kdrag Interphase exchange coefficient dimensionless

P Pressure Pa

Re Reynolds number dimensionless

t Time s

Greek letters

α Volume fraction dimensionless

α0 Initial solid volume fraction 0.57 dimensionless

γ Collision dissipation of energy kg/s3m

Θ Granular temperature, m2/s2

I Identity tensor dimensionless

λ Bulk viscosity Pa s

μ Shear viscosity Pa s

ν Velocity m/s

ρ Density kg/m3
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ρs Particle density 2500 kg/m3

τ Stress tensor Pa

φ Angle of internal friction Deg

Φ Transfer rate of kinetic energy kg/s3m

Subscripts

 𝑓 Friction dimensionless

g Gas phase dimensionless

i Either fluid or solid phase dimensionless

k Kinetic dimensionless

p Particle dimensionless

s Solid phase dimensionless
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