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Abstract 

 

Process characterisation and optimisation had been carried out for a mammalian cell 

culture using a GS-CHO cell line that produced the chimeric IgG4 monoclonal antibody 

Cb72.3. A series of experimentations in the shake flasks, bench top bioreactors and 

pilot scale bioreactor had been carried out. Culture additives were also used to 

investigate their impact on the GS-cell culture, productivity and charged variant 

profiles. A high throughput and automated methodology for miniature chromatography 

was developed and used to purify samples for product quality analysis. Optimisation 

of various analytical assays was successfully performed to address the assay artefacts 

observed during the analysis. Sodium butyrate boosted the titer to the largest extent 

by ~40% when compared against the control but only had a culture viability of ~10% 

on Day 14.. Copper addition resulted in the largest increase (~6% points) in the basic 

isoforms of the antibody out of all the additives used compared to control culture. 

Spermine increased acidic isoforms by ~3% points compared to control culture. Long-

R3 promoted growth rate and glucose consumption rate but had a negative impact on 

viability only when used with the feed media. Various process conditions like pH 

setpoint and temperature were also investigated to elucidate the growth and 

metabolism profiles. A low pH setpoint of pH 6.9 in the bioreactor prolonged the culture 

viability the longest with a viability of ~90% even after 21 days. The development and 

improvement of feeding strategy had also facilitated more robust bioreactor fed-batch 

cultures with reproducible metabolism profiles (especially with respect to lactate), 

growth and productivity compared to a previous strategy. A real-time monitoring tool 

for mammalian cell culture using off-gas mass spectrometry was successfully 

demonstrated. Process events in the bioreactors like antifoam addition and blocked 

venting filter were captured along with specific oxygen consumption rate (qO2) and 

mass transfer of oxygen (kLa). The respiration quotient (RQ) values from the off-gas 

analysis also correlated to different metabolic states (high and low glycolytic flux) 

during the fed-batch bioreactor cultures, specifically the lactate production (RQ>1) and 

lactate consumption phases (RQ<1). 

 

Subsequently, a whole bioprocess scale-up study had successfully demonstrated the 

scalability of the cell culture. The cell culture was performed in a 50L pilot scale single 

use bioreactor, followed by clarification, capture (Protein A) and polishing (cation 
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exchange and anion exchange chromatography) steps at the pilot scales. It was 

shown that high purity Mab (>99% monomer and <51 parts per million host cell protein) 

could be obtained at the end of the platform process with minimal optimisation. 

Charged variants analysis also revealed the charged variants distribution had 

significant differences between a main and shoulder peak fraction pools isolated in the 

cation exchange (CEX) polishing step – the latter had 12% points more basic variants 

than the former. As the main peak fraction pool went through the final polishing step 

in an anion exchange (AEX) chromatography, it only had a 2-4% points difference 

when compared to the CEX step. For the shoulder peak fraction pool, there was only 

2-4% points difference in the charge variant profile before and after the AEX step. An 

overall process yield of 75% was obtained.  
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Impact Statement 

 

Cell culture data in industrially-relevant mode of cultivations and operations like fed-

batch and bioreactor (bench & pilot scale) respectively is not common in literature and 

particularly in academic settings. Extensive characterisation and optimisation of the 

cell culture performed herein serve as a repository of knowledge for growth, metabolite 

and productivity data pertaining to GS-CHO culture that is an alternative to the typical 

DHFR-based CHO cell lines. The real-time off-gas analysis described herein also 

demonstrates the feasibility of its application in fed-batch bioreactor system which is 

severely limited in existing literature. A peer-reviewed article based on the work 

described herein has been published. Given more development work and 

collaboration with equipment vendors, the work presented herein will facilitate the 

implementation of process analytical technology in the field of mammalian cell culture. 

The whole bioprocess study at the pilot scale, involving both the upstream and 

downstream processes, serves as a good case study for a Mab production platform. 

These data will potentially be useful as a reference for future researchers who will use 

similar cell line and platform process & more importantly, highlight the importance of 

the multi-discipline collaboration that has been undertaken in this body of work. 

 

The successful development of a flexible and automated application of high throughput 

chromatography at the miniature scale also facilitates high throughput process 

development that supports the quality by design initiative that the biopharmaceutical 

industry on the whole is striving towards. This methodology has been made available 

in a peer-reviewed publication and should drive future development. 
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Abbreviation and nomenclature 

 

Abbreviation Description  

2LC light chain dimers  

ADCC antibody-dependent cellular cytotoxicity  

AEX anionic exchange chromatography  

AUC area under the curve  

BHK Baby Hamster Kidney  

CCC clarified cell culture  

CCCF clarified cell culture fluid  

CCF cell culture fluid  

CER carbon dioxide evolution rate  

CEX cation exchange chromatography  

CFF crossflow filtration  

CHO Chinese Hamster Ovary  

CIP clean-in-place  

cIVCD cumulative integral viable cell density  

CO2 carbon dioxide  

Cu copper  

CVs column volumes  

DF diafiltration  

DHFR dihydrofolate reductase   

DMSO dimethyl sulfoxide  

DNA deoxyribonucleic acid  

DO dissolved oxygen   

DOT dissolved oxygen tension  

DSP downstream process  

DVs diavolumes  

EMA European Medicines Agency  

EPO erythropoietin  

FDA Food and Drug Administration  

FS-SF1 feeding strategy-shake flask 1  

FS-SF2 feeding strategy-shake flask 2  
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Abbreviation Description  

FS-SF3 feeding strategy-shake flask 3  

FS-STR1 bioreactor feeding and operating strategy 1  

FS-STR2 bioreactor feeding and operating strategy 2  

FS-STR3 bioreactor feeding and operating strategy 3  

FS-STR4 bioreactor feeding and operating strategy 4  

Gln glutamine  

Glu glutamate  

Gluc glucose  

GMB global mass balance  

GS glutamine synthetase  

GuHCl guanidine hydrochloride  

H+ hydrogen ion  

H2CO3 carbonic acid   

H2O2 hydrogen peroxide  

HC heavy chain  

HC-LC half-mers  

HCO3⁻ bicarbonate  

HCPs host cell proteins  

HDAC histone deacetylase  

HIC hydrophobic interaction chromatography  

HMW aggregates - high molecular weights  

HPLC high performance liquid chromatography  

HPN high passage number   

HTPD high throughput process development  

HX-MS hydrogen deuterium exchange mass spectrometry  

IGF insulin-like growth factor  

IgG immunoglobulin  

IR infrared  

IVCD integral viable cell density  

Lac lactate  

LC light chain  

LDH lactate dehydrogenase  
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Abbreviation Description  

LDS lithium dodecyl sulfate  

LiHa liquid handling arm  

LMH litre/m2/hr  

LMW fragments - low molecular weights  

LPN low passage number   

Mab monoclonal antibody  

MFCS Multiple Fermenters Control System  

MQ Milli-Q  

MS mass spectrometry  

MSX methionine sulfoximine  

MTX methotrexate  

N2 nitrogen  

NaBu sodium butyrate  

NaCl sodium chloride  

NaOH sodium hydroxide  

NEAA non-essential amino acid  

NEM N-Ethylmaleimide  

NH4
+ ammonia  

NTU nephelometric turbidity unit  

O2 oxygen  

OUR oxygen uptake rate  

PAGE polyacrylamide gel electrophoresis  

PAT process analytical technology  

PBS phosphate buffered saline  

pCO2 partial pressure of CO2  

ppm parts per million  

ppt parts per trillion  

PQAs product quality attributes  

PTMs post-translational modifications  

QbD quality by design  

RoMa robot manipulator  

rpm rotation per minute  
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Abbreviation Description  

RQ respiration quotient  

RT residence time  

SDS sodium dodecyl sulfate  

SEC size-exclusion chromatography  

SMB simulated moving bed  

SMEs small molecule enhancers   

STR stirred-tank reactors  

SUB single use bioreactor  

TCA tricarboxylic acid  

tPA tissue plasminogen activator   

TS temperature shift  

TS-D0 temperature shift on Day 0  

TS-D5 temperature shift on Day 5  

TS-D8 temperature shift on Day 8  

UF ultrafiltration  

USP upstream process  

VCC viable cell concentration  

VOCs volatile organic compounds  

WCX weak cationic exchange  
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Nomenclature Description Units 

A absorbance at 280 nm - 

𝑐 protein concentration mg mL-1 

𝐶 
total possible single, double, triple or 

quadruple combinations 
- 

𝐶𝐷𝐶 
difference in carbon dioxide concentration 

between the inlet and outlet gas streams 
% mole 

cGln cumulative glutamine consumption mM 

cGlu cumulative glutamate consumption mM 

cGluc cumulative glucose consumption g L-1 

cLac cumulative lactate production g L-1 

cNH4
+ cumulative NH4

+ production mM 

𝑐𝐼𝑉𝐶𝐷𝑛 cIVCD on nth day cells day L-1 

𝑐𝐼𝑉𝐶𝐷𝑛−1 cIVCD on (n-1)th day cells day L-1 

𝑑 impeller diameter m 

𝐷𝑂2 oxygen concentration measured in the culture µmolL-1 

𝐷𝑂2
∗ oxygen concentration in the inlet gas stream µmolL-1 

𝜀0.1% 
extinction coefficient expressed in 0.1% 

solution 
mL mg-1 cm-1 

𝐹𝑏𝑖𝑜𝑟𝑒𝑎𝑐𝑡𝑜𝑟,𝑖𝑛 gas flow rate into the bioreactor mL min-1 

𝐹𝑀𝑆,𝑖𝑛 gas flow rate into the MS analyser mL min-1 

g relative centrifugal force - 

𝑘 
number of additives to be selected in single, 

double, triple or quadruple combinations 
- 

kLa mass transfer h-1 

𝑙 path length of the flow cell cm 

𝑛 
total number of additives that can be chosen 

from 
- 

𝑁 agitation speed in rotation per second s-1 

𝑁𝑝 impeller power number - 

𝑂𝑥𝐶 
difference in oxygen concentration between 

the inlet and outlet gas streams 
% mole 

𝑃 power input w 
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Nomenclature Description Units 

P/V specific power input w/m3 

qCO2 specific carbon dioxide evolution rate pmol cell-1 day-1 

qGln specific glutamine consumption pmol cell-1 day-1 

qGlu specific glutamate consumption pmol cell-1 day-1 

qGluc specific glucose consumption pg cell-1 day-1 

qLac specific lactate production pg cell-1 day-1 

qNH4
+ specific ammonium production pmol cell-1 day-1 

qO2 specific oxygen consumption rate pmol cell-1 day-1 

qp specific productivity pg cell-1 day-1 

𝜌 density of the liquid kg m-3 

𝜇𝑡𝑖𝑝 impeller tip speed ms-1 

�̇� volumetric gas flow rate mL min-1 

𝑉𝑓𝑒𝑒𝑑,𝑛 feed volume to be added on nth day mL 

𝑉𝑓𝑒𝑒𝑑,𝑛−1 feed volume that was added on (n-1)th day mL 

VVM 
volumetric gas flow rate per unit volume of 

liquid in bioreactor 
min-1 
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1 Introduction  

 

1.1 Progress in the biopharmaceutical industry 

The manufacturing of recombinant therapeutic glycoproteins has come a long way 

since the 1980s. In 1987, the first licence for a recombinant therapeutic protein 

synthesised from mammalian cells was obtained by Genentech for the glycoprotein, 

tissue plasminogen activator (tPA). Shortly after, in 1989, Amgen received the 

approval for the production of another recombinant glycoprotein, erythropoietin (EPO) 

- a hormone for the treatment of anaemia-associated conditions. Marketed as 

Epogen®, this product was the first recombinant therapeutic glycoprotein to achieve 

blockbuster status with sales over $1 billion annually. Interestingly, both of these 

pioneering products in the class of biopharmaceuticals are produced from Chinese 

hamster ovary (CHO) cells, a type of mammalian cell line. Genentech has used 

suspension cultures in stirred-tank reactors (STR) for the production of  tPA while 

Amgen used adherent culture in roller bottles (Wurm 2004, Hacker et al. 2009) .  

 

Moving forward to the 21st century, more than 50% of all 246 recombinant therapeutic 

glycoprotein products on the market are produced using mammalian cells between 

1982 and 2014, with CHO cells being the dominant mammalian system used. Walsh 

(2014) has compiled a very comprehensive summary of all biopharmaceutical that 

have been approved in the United States and Europe from 1982 to 2014, in particular, 

the product being approved, the cell line used, the company that filed for the licence, 

date of approval and date of withdrawal, if appropriate. From 2010 to 2014 alone, 

monoclonal antibody (Mab) was the largest product class, at 30%, out of all 

biopharmaceutical product approvals which includes hormones, vaccines and growth 

factors (Walsh 2014). As of 2016, the global revenue for antibody-based drugs 

currently on market was approximately US$89 billion with new modalities of antibody-

based drugs like antibody-drug conjugate, bi-/tri-specific antibodies and antibody 

fragments coming into the market (Carter and Lazar 2018). 

 

Current production mode of choice is via the use of suspension culture in batch or fed-

batch, with the latter being the pre-dominant method. The key reason is because of 

the need to improve the scalability of the cultivation process in order to meet the 
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corresponding increase in demand. Since the 1980s, 1000 L volume bioreactors have 

progressively increased to 20000 L over the decades (Nienow 2006). It should be 

noted that with the example of Amgen producing tPA in roller bottles, scalability can 

and has been increased through the use of robotic automation, albeit not to the same 

degree as when using bioreactors.  

 

Another area that the biopharmaceutical industry has greatly improved over the years 

is volumetric productivity. In the 1980s, product titre can reach 50-100 mg/L while 

current production can attain a level of 1-5 g/L, almost a 100 fold increase than before 

(Wurm 2004). Upwards of 10 g/L product titre has been reported in the last few years. 

This is a definitive boost to the production capability for the biopharmaceutical 

companies to meet market demands without having to use legacy facility; at a high 

enough titre, the scale of production can be scaled back to smaller-scale bioreactors, 

albeit still at the 100+ L scale. 

 

1.2 Mammalian cell culture 

In the previous section, it has been alluded to that bulk of the therapeutic glycoproteins 

are synthesised in mammalian-based cell culture. The main reasons for this are 

because of the reduced immunogenicity issues and the complex post-translational 

modifications (PTMs) that mammalian cells possess as oppose to other host cell type. 

In particular, CHO cells are the mainstay of the biopharmaceutical industry. It has been 

well characterised and adapted to meet the demands of the industry. Furthermore, 

CHO cells can be easily transformed with the genes of interest for the product and 

minimal optimisation of the bioprocess will be needed as CHO cell lines have had 

outstanding track records. 

 

1.2.1 Cell line selection 

Cell line selection is typically performed with the use of selective pressures that act on 

the selective marker that has been incorporated into the cell line during cell line 

development. Two commonly use selection markers are the dihydrofolate reductase 

(DHFR) and glutamine synthetase (GS) genes, with the former being developed first. 

In both cases, the genes code for the enzymes that catalyse reaction to produce the 

essential folic acid and glutamine in the respective system. Only transformed cells will 
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carry these genes. Further selective pressure can be added by growing the DHFR 

cells in media lacking glycine, hypoxanthine and thymidine & the GS cells in media 

lacking glutamine. Gene amplification can be achieved through the use of enzyme 

inhibitor – for DHFR, methotrexate (MTX) and for GS, methionine sulfoximine (MSX). 

The GS cell line comes with the added benefit of being able to scavenge ammonia 

from the culture the cells are growing in because GS catalyses the formation of 

glutamine from glutamate and ammonia (Figure 1.1). Since ammonia is a known toxic 

metabolite for the cells, the fact that GS cells can utilise the ammonia available in the 

culture meant that ammonia-related toxicity of the culture can be reduced. 

 

1.2.2 Cell metabolism 

Cellular metabolism is an incredibly complex network of biochemical pathway that 

govern the growth of the cell. There are four main components that have received 

scrutiny from the research community pertaining to cell culture: glucose, glutamate, 

lactate and ammonia. These molecules exhibit close interaction to one another 

through cellular metabolism. 

 

Glucose is the main carbon (energy) source for cells. Glucose and many of its 

intermediates are key precursors for essential biochemical pathway in the cell: 

glycolysis, pentose phosphate pathway and citric acid cycle (also known as 

tricarboxylic acid, TCA, cycle) (Figure 1.2Error! Reference source not found.). The 

relationship between glucose and lactate is closely linked because of the glycolytic 

pathway. Furthermore, with glucose being the precursor of so many critical 

biochemical pathways, the environmental conditions of the cell culture, i.e. pH, 

temperature, glucose concentration can affect how this carbon source is utilised (Hu 

and Ozturk 2006). 

 

Lactate is mainly synthesised from the glycolysis process, using glucose. Glycolysis 

has been reported to be highly deregulated, meaning that excess glucose in medium 

is readily used up by the cells and cause lactate accumulation. It has been 

hypothesised that glycolysis is a defensive mechanism for high extracellular 

concentration and could account for high lactate production when glucose is abundant 

in the medium (Hu and Ozturk 2006). As a result, reduction in glucose level to control 
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lactate levels has been proposed. Process robustness, particularly for higher titre 

production, has been correlated to cultures with low lactate build-up and when lactate 

consumption metabolism was observed in cultures (Glacken et al. 1986, Le et al. 

2012). 

 

Glutamine is a critical precursor for the TCA cycle. However, glutamine is generally 

unstable and tends to break down into glutamate and ammonia. Glutamine, like 

glucose, has been reported to be highly deregulated where excess glutamine will be 

metabolised (Hu and Ozturk 2006). This results in the inefficient use of the amino acid 

and the undesirable accumulation of ammonia. For cell lines like GS-CHO, glutamine 

can be synthesised from glutamate and ammonia. The GS-CHO cells can be grown 

in glutamine-free medium to reduce the rate of ammonia production and as long as 

glutamate is present, cells can still obtain glutamine via glutamate. Glutamate can also 

take part in anaplerotic reactions to replenish the intermediates in the TCA cycle 

(Figure 1.1 & Figure 1.2Error! Reference source not found.). 

 

Amino acids (other than glutamine) are also essential components in a cell culture. 

They are the building blocks of cellular proteins and the proteins of interest that the 

engineered cells are designed to produce. Furthermore, the different amino acids can 

be catabolised and funnelled into the TCA cycle as TCA intermediates like α-

ketoglutarate (Owen et al. 2002). There are multiple key TCA intermediates that are 

derived from amino acids: pyruvate, acetyl-CoA, α-ketoglutarate, succinyl-CoA, 

fumarate and oxaloacetate (Figure 1.2). The availability of amino acids ensures that 

the TCA cycle is in a productive state to sustain the demands of the cells. In all, the 

amino acids are utilised in many cellular functions like protein synthesis, anaplerotic 

replenishment of TCA cycle and nitrogen metabolism. Of note, as the TCA cycle is 

essentially in a balanced influx and efflux of intermediates for various metabolic 

processes, an imbalance would have negative effects. For example, excess amino 

acids can result in the formation of inhibitory intermediates that have been identified 

to limit cellular growth (Mulukutla et al. 2017, Pereira et al. 2018). Usually, these 

inhibitory intermediates from amino acid catabolism are utilised and converted to the 

next metabolite in the catabolic pathways but excess levels of these amino acids in 

the first place cause a build-up of these inhibitory intermediates within the TCA cycle. 
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Of course, there are other metabolites that play essential roles in the CHO cell. A non-

exhaustive list includes the various amino acids, vitamins, lipids, growth factors, trace 

elements, polyamines and TCA intermediates. Determination of all metabolites is not 

impossible but it is a daunting and time consuming task. As such, researchers typically 

use several key metabolites as performance indicators for cell cultures. 

 

 

 

 

 

 

 

 

 

 

 

Figure 1.1: Glutamine synthetase pathway and the various cataplerotic/anaplerotic pathways for 
glutamate. 
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Figure 1.2. Schematic of the TCA cycle along with the interaction of amino acids metabolism 
with the TCA cycle. 

 

 

1.2.3 Culture media additives 

Alluded to in the previous section is the fact that there are many components in a 

culture media that support the complex cellular metabolism of cell growth and the 

production of the recombinant proteins. Media development (i.e. modulation of these 

media components) is one of the most common ways of optimisation for cell culture 

development, along with host cell engineering and protein glycoengineering (Hossler 

et al. 2009, Costa et al. 2014, Brühlmann et al. 2015). Media development is a 

particularly important investment for companies as the biopharmaceutical industry is 

moving away from using serum and animal-derived components to mitigate risks of 
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adventitious agents like prions or viruses and address the issue of batch-to-batch 

variability inherent in those components.  

 

Modulation of these media additives is known to not only influence cellular growth but 

also the quality of the recombinant protein (Hossler et al. 2009, Brühlmann et al. 2015). 

Altamirano et al. (2000) has shown that replacing glucose and glutamine with 

galactose and glutamate respectively can result in much lesser accumulation of lactate 

and ammonium, albeit at a reduced cell growth. In another instance, feeding lactate 

when the lactate metabolism has shifted from production to consumption reduced 

ammonium production by more than 50% while still maintaining similar charged 

variants and glycan distribution in the antibody when compared to the control culture 

(Li et al. 2012). Tweaking with trace elements has also proven successful. 

Supplementing copper (Cu) to cultures with no lactate metabolism shift from 

production to consumption induced the shift and resulted in higher growth and titre 

with the Mab having increased basic variants (Yuk et al. 2015). Small molecule 

enhancers (SMEs) like dimethyl sulfoxide (DMSO) (Rodriguez et al. 2005) and sodium 

butyrate (NaBu) (Chotigeat et al. 1994) have also been successfully demonstrated to 

increase specific productivity with reduced growth rate when supplemented in the 

media; these SMEs are typically not found in standard culture media formulation. 

These studies have exemplified the necessity for trade-offs to be made with respect 

to cellular growth, metabolism and product quality. 

 

One such SMEs, NaBu, is of particular interest as it has been investigated as far back 

as the early 1990s (Palermo et al. 1991). A critical literature review is subsequently 

performed on literature from the 1990s to 2017 (Error! Reference source not found.) 

and has revealed that while extensive investigations have been made with regards to 

the use of NaBu as additive in mammalian cell cultures, the data has been disparate 

for effective comparative studies. For instance, most published work have presented 

data on growth, productivity and sometimes product quality but many had little 

information on the metabolic profiles. For those with metabolite analysis, they are 

typically only about glucose and lactate or glutamine; there is only 1 which has 

presented a multitude of extracellular metabolites. Another snapshot of the literature 

showed only 3 investigations having been performed in non-batch cultures. There is 

also only 25% of the reviewed literature that have grown the cultures in bioreactor 
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systems, of which only 1 was using GS-CHO cell line. The literature review (refer to 

Table 1.1) has provided insights into how NaBu affects the cellular growth, productivty 

and impacts on the product quality of product of interest produced by the cells. Overall, 

the use of NaBu has been limited to its addition at very early stages of the culture 

which has the unsurprising effect of suppressing growth. NaBu has also been 

demonstrated to be applicable as a SME in CHO cell systems for a wide range of 

products of interest ranging from antibodies to hormones to interferons. This suggests 

that NaBu can have a universal application in biopharmaceutical processes though a 

case-by-case evaluation should be done to determine the exact impact to the culture, 

especially in terms of the effect on product quality. Understandably, there will also be 

differences in growth profile and incidentally, metabolic profile, of the cell culture when 

they are grown in different cultivation modes. Batch mode is the least complex 

operation compared against fed-batch and perfusion systems and is also likely the 

reason why the NaBu studies observed in the literature review have adopted that 

particular approach. However, the effects of NaBu in the context of fed-batch 

cultivation mode is poorly understood. Nutrient modulation caused by the additions of 

feeds throughout the fed-batch culture is intended to increase culture productivity; it is 

also likely to affect how NaBu can influence the fed-batch culture compared to a batch 

culture should NaBu be added. With fed-batch operations being the predominant 

mode by which most biopharmaceutical companies produce their products, NaBu 

studies performed in fed-batch mode will provide more industrially-meaningful data 

that can be leveraged upon and warrants a deeper investigation in this area. 
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Table 1.1. The use of NaBu additive in mammalian cell culture. “Blue” box indicates bioreactor cultures; “Yellow” box indicates GS-CHO cell line. 

No. 
Mode of 

cultivation 
Cell line 

Product of 

interest 

Conditions of NaBu 

used 
Outcome Reference 

1 

Batch (shake 

flask; 50 mL 

working volume) 

& bioreactor (1.2 

L working 

volume) 

CHO DP-12 

clone #1934 

(ATCC 

CRL-12445) 

anti-IL-8 antibody 

+/- NaBu 64 h after 

inoculation at 2 mM 

for shake flask while 

3 mM for bioreactor 

qp of NaBu-treated cells was 69% higher after the treatment;  

slowed growth;  

reduced glycolysis and enhanced TCA;  

HDAC inhibition has caused permanent nucleosome disassembly 

and histone hyperacetylation immediately after NaBu addition and 

even persisted 5 days later. 

Muller et al. 2017 

2 

Batch (shake 

flask; 70 mL 

working volume) 

CHO DP-12 

clone #1934 

(ATCC 

CRL-12445) 

anti-IL-8 antibody 

+/- NaBu at 3 mM 

after 3 days from 

inoculation 

a switch from lactate production to consumption was observed 

when NaBu was added; 

DNA methylation data showed that NaBu addition did not affect 

the bimodal distribution of methylation levels which suggests that 

differential DNA methylation by NaBu was on a local (site-specific) 

instead of a global level; 

increased expression of pyruvate carboxylase (PC) was observed 

(which replenishes intermediates for the TCA via oxaloacetate). 

Wippermann et al. 

2017 

3 

Batch (shake 

flask; 40 mL 

working volume) 

CHO-S 
glycosaminoglycan 

(GAG) 

+/- NaBu; 2.5 mM 

NaBu on Day 3, 

samples taken 48 h 

after NaBu treatment 

NaBu inhibited cellular growth; 

NaBu increased antithrombin III (AT) binding sites and decreased 

fibroblast growth factor (FGF-2) binding sites on heparin sulfate. 

Datta et al. 2015 

4 

Batch (125 mL 

flasks; 40 mL 

working vol.) 

CHO, dhfr-, 

DG44 

antibody against 

the S surface 

antigen of the 

hepatitis B virus 

(CS13-1.0), IgG1 

0, 0.01, 0.05, 0.2, 1, 

2, 4 mM NaBu at start 

of culture 

increased correct antibody assembly, resulting in improved 

proportion of intact Mab (possibly from increase chaperone); 

increased the basic charge variants of Mabs (possible intracellular 

oxidative stress) while negatively affecting the galactosylation of 

Mabs. 

Hong et al. 2014 
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No. 
Mode of 

cultivation 
Cell line 

Product of 

interest 

Conditions of NaBu 

used 
Outcome Reference 

5 
Batch (shake 

flasks) 

GS-CHO (low 

and high 

producer) 

IgG4 

+/- NaBu for each 

producer type; 0.75 

mM NaBu added 24 h 

after inoculation 

nitrogen metabolism involving high asparagine, serine & 

aspaartate consumption rates that are characteristic to GS-CHO 

cell lines are noted; 

NaBu-treated cultures sustained overall metabolic activity during 

the stationary phase while non-treated cultures experienced a 

significant drop in activity. 

Carinhas et al. 

2013 

6 Batch (T-flask) Adherent CHO 

recombinant 

human thyrotropin 

(r-hTSH) 

1 mM NaBu 

NaBu greatly increased hTSH production and influenced its 

glycosylation by altering sialylation (increased, ~12%), site 

occupancy (increased, ~6%) and, to a lesser extent, branching 

(reduce antennarity: tri- & tetra-antennary; bi-antennary 

increased). 

Biological activity of th hTSH was not compromised in the 

presence of NaBu. 

Damiani et al. 

2013 

7 

Batch (3.5 L 

bioreactor, 

working volume 

of 2.7 L) 

CHO, dhfr 

(ATCC, 

CRL9606) 

t-PA 

+/- NaBu at 1mM; 

added at mid-

exponential or end of 

exponential phase 

data from the simulation corroborated the study that NaBu addition 

at mid-exponential phase, compared to addition at early stationary 

phase, showed a more sustained and higher metabolic activity. 

Ghorbaniaghdam 

et al. 2013 

8 

Batch (spinner 

flask; 100 mL 

working vol.) 

CHO, dhfr- 
Humanised 

antibody 

0, 1, 2, 5 mM NaBu 

and grown with or 

without biphasic shift 

at 30 and 37°C 

Simultaneous application of NaBu and low culture temperature can 

extend culture period and enhance final antibody concentration, 

without compromising the sialic acid content or biological activity; 

lowering culture temperature increased the percentage of G1 

phase cells, while combining NaBu with low culture temperature 

did not further increase the percentage of G1 phase cells (but they 

did not test with NaBu alone). 

Chen et al. 2011 
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No. 
Mode of 

cultivation 
Cell line 

Product of 

interest 

Conditions of NaBu 

used 
Outcome Reference 

9 

Batch / Pseudo-

perfusion (125 

mL shake flask; 

50mL working 

vol.) 

CHO, dhfr-, 

DG44 

Recombinant 

antibody 

(batch) 0, 1, 3 mM 

NaBu, (pseudo-

perfusion) 1 mM 

NaBu; growth factor: 

GF+, GF- media; 

Addition of NaBu:  insignificant effect on qGlc, qLac and YLac/Glc 

Withdrawal of GF: greater effect on qGlc, qLac and YLac/Glc 

which suggests its effects on cell metabolism is more drastic than 

NaBu 

Withdrawal of GF alone and in combination with the addition of 

NaBu reduced cell growth while significantly increased the specific 

productivity and extended culture longevity 

Hong et al. 2011 

10 

Batch (3.5 L 

bioreactor; 

working volume 

of 2.7 L) 

CHO, dhfr 

(ATCC, 

CRL9606) 

t-PA 

+/- NaBu at 1mM; 

added at mid-

exponential or end of 

exponential phase 

NaBu lowered max VCC and slowed the growth of the cells; 

NaBu increased the specific oxygen uptake rate 48 h after 

addition; Nabu increased NAD[P]H cell content. 

McMurray-

Beaulieu et al. 

2009 

11 Batch (T-flasks) CHO, dhfr- 

tumor necrosis 

factor 

receptor FC 

(TNFR-Fc) 

+/- 5 mM NaBu 

Without NaBu, calnexin (Cnx) overexpression had minimal impact 

on the specific productivity;  

with NaBu, Cnx overexpression increased specific productivity by 

more than 2 fold; 

overexpression of Cnx makes cells more prone to apoptosis via 

the increased level of Ca2+ in the cytosol. 

Mohan and Lee 

2009 

12 
Batch (125 mL 

shake flask) 

8 CHO cell 

lines, dhfr- 

8 recombinant, 

monoclonal, 

humanized IgG 

(different qp) 

5 mM NaBu; only 

exposed to 48 h of 

NaBu treatment 

before 

harvest/analysis 

observed clonal variation, with low producers generally exhibiting 

stronger responses to NaBu in terms of mRNA transcription and 

mAb productivity; determined that more HC and LC gene copies 

have increased accessibility by DNase I when treated with NaBu, 

suggesting that NaBu regulates gene transcription by improving 

gene accessibility. 

Jiang and 

Sharfstein 2008 
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No. 
Mode of 

cultivation 
Cell line 

Product of 

interest 

Conditions of NaBu 

used 
Outcome Reference 

13 Batch (T-flasks) 
CHO; mouse 

hybridoma 

**not mentioned or 

quantified 

+/- 1 mM NaBu 

added 24 h after 

inoculation 

transcriptome analysis indicated upregulation of genes involved in 

protein processing, secretion (vesicle transportation) and redox 

activity; 

in MAK, the pyruvate carboxylase (PC) gene was upregulated by 

1.8 fold in the presence of NaBu 

Yee et al. 2008 

14 
Batch (24-well 

plates) 
CHO, dhfr- 

Recombinant 

human interferon 

(rhIFN-β1a) 

[NaBu]: 0,1,2,3,5mM 

[Zn2+]: 

0,25,50,100,150µM 

[NaBu + Zn2+]: 

1,2,5mM + 

0,50,100,150 µM 

[NaBu] addition increased protein production but decrease with 

subsequent media exchanges; 

[Zn] addition increased protein production but concentration > 50 

µM were bad for viability (data not shown but was mentioned); 

[NaBu] + [Zn] have synergistic effect on the production. 

Zuqueli et al. 

2006 

15 

Batch (125 mL 

flasks; 50mL 

working vol.) 

CHO, dhfr- 

Human 

thrombopoietin 

(hTPO) 

0, 1, 3 mM NaBu 

used for R-bcl2-14 

(bcl-2 overexpressed 

cell line) and R-neo 

(null bcl-2) 

Bcl-2 overexpression could suppress the apoptosis induced by 

NaBu but could not prevent the deterioration of hTPO quality 

induced by NaBu; 

NaBu treatment decreased the proportion of acidic hTPO isoform 

and the sialic acid content of hTPO; 

NaBu addition decreased the activities of glycosidases in the 

supernatant, suggesting that the glycosidases are not the root 

cause for the decrease in hTPO quality. 

Sung and Lee 

2005 

16 

Batch (125 mL 

flasks; 50mL 

working vol.) 

CHO, dhfr-, 

DUKX-B11 

(ATCC CRL-

9096) 

Human 

thrombopoietin 

(hTPO) 

1M stock NaBu 

added to get final 

concentrations of 

0,1,3,5,10mM after 3 

days of cultivation 

NaBu addition significantly increased the specific and volumetric 

hTPO production; 

NaBu decreased the cell viability by apoptosis in a dose-

dependent manner;  

NaBu deteriorated the quality of hTPO: reduced acidic hTPO 

isoforms, reduced alpha(2 → 3) sialylation, and decreased in vivo 

biological activity. 

Sung et al. 2004 
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No. 
Mode of 

cultivation 
Cell line 

Product of 

interest 

Conditions of NaBu 

used 
Outcome Reference 

17 

Still culture 

(adherent); 

hollow fibre 

bioreactor 

CHO-K1; NS0 

(GS); CHO 

(GS) 

“CHO-K1” chimeric 

IgG3, “NS0 

transfectant 1715-

13” chimeric IgG1, 

“CHO transfectant 

22H11” chimeric 

B72.3 IgG4 

0,1,2,3,4,5 mM NaBu 

for flasks; 0,2 mM 

NaBu for hollowfibre 

bioreactor (NaBu 

added after day 1 / 

initial of culture) 

NaBu addition resulted in a 2–4-fold increase in antibody 

production while the induction of apoptosis was observed in a 

dose-dependent manner; optimal NaBu concentration was 2 mM. 

NaBu addition did not compromise with the glycosylation or 

biological activity of the IgG3 produced in the CHO-K1 cells. 

Mimura et al. 

2001 

18 

Batch, spinner 

flasks  

(250 mL or 

500mL size) 

CHO Tf70R 

human 

recombinant 

tissular 

plasminogen 

activator (tPA) 

1 mM NaBu at 72hr 

post-inoculation (or 

temp shift from 37 to 

32 at 72hr post-

inoculation) 

Adding NaBu or lowering temperature from 37 ◦C to 32 ◦C 

increased the amount of t-PA excreted with no significant changes 

to the overall quality of the protein, while cell growth is significantly 

reduced; 

Both treatments also increased the proportion of cells in the G0G1 

phase of the cell cycle. 

Hendrick et al. 

2001 

19 
Batch (10L 

bioreactor) 
CHO, dhfr- 

recombinant 

immunoadhesion 

chimeric protein, 

GP1-IgG 

12 mM NaBu added 

at Day3 or 24hr post 

temp shift 

Decrease in sialylation (sialic acid content) of the IgG over culture 

time; unlikely due to sialidase as it's mainly found in the cytosol & 

cell culture viability was maintained at high levels. 

Sialylation measured by radioactive labelling decreased drastically 

after NaBu addition whereas those measured by chemical analysis 

decreased by ~20% when both methods gave comparable initial 

values before NaBu addition; 

The dilution of the tracer (radioactively labelled sialic acid) on the 

IgG was likely caused by a lysosomal-mediated recycling pathway 

which bypassed de novo biosynthesis (i.e. secreted proteins may 

serve as a source of sialic acid); this suggested that the recycling 

pathway may not be adequate to supply the amount of sialic acid 

required during high productivity periods and resulted in 

Santell et al. 1999 
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No. 
Mode of 

cultivation 
Cell line 

Product of 

interest 

Conditions of NaBu 

used 
Outcome Reference 

decreasing levels of sialic acid on the IgG as the culture 

progressed (i.e. NaBu addition promoted such a re-utilisation of 

sialic acid from existing IgG). 

20 

Perfusion culture 

(3L vessel; 1.5L 

working volume) 

Adherent CHO 

on Cytodex2 

microcarriers 

Follicle stimulating 

hormone (hFSH) 

Various dissolved O2 

levels (10-90% air 

saturation), [NaBu] 

from 0-1.5mM 

Increasing DO level: increased the specific productivity of hFSH, 

increased % of hFSH isoform pI of 4.5 or lower, increased specific 

activity of sialyl transferase; 

Increasing [NaBu] level: reduced viability, increased the specific 

productivity of hFSH, increased % of hFSH isoform pI of 4.5 or 

lower, increased specific activity of sialyl transferase 

Chotigeat et al. 

1994 
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1.2.4 Platform for cell culture cultivation 

Shake flasks are routinely used in cell culture for early stage development. Only 

relatively small volumes of culture are performed in these small-scale vessels. 

Aeration is provided through the medium surface caused by the orbital shakers. The 

shakers also contribute to the homogeneous mixing of the culture. They can also be 

placed in incubator for controlled temperature, humidity and gaseous environment. 

However, limited on-line monitoring and control like pH and dissolved oxygen, as well 

as the limitation to the size of the working culture volume meant that shake flasks are 

not feasible for large scale production. 

 

A more amenable approach to large scale cultivation is the use of bioreactor. It can 

come in various sizes, ranging from the lab scale of 1 L to industrial scale of upwards 

of 10,000 L to meet the demand of production. Bioreactor can incorporate multiple 

online monitoring and control system to ensure precise maintenance of the culture 

grown in such a manner. Aeration is typically provided by a sparger and mixing is 

achieved through an impeller. pH and dissolved oxygen (DO) probes can be used to 

monitor culture conditions. Temperature can be easily regulated by a heating jacket 

as well. 

 

In recent years, single use bioreactor (SUB) is becoming more common. This is 

brought on by the desire to eliminate cleaning and sterilisation steps that come with 

the use of traditional bioreactors. In principle, all other modes of monitoring and control 

are the same as before, with the only difference that the SUB can be disposed of after 

use. Miniaturised high throughput bioreactors like the Ambr system by TAP 

Biosystems (Sartorious) at the 15 ml and 250 ml scale, up to 24 in parallel, are also 

rapidly gaining traction in the research and development area. Single use technology 

has also been applied to smaller scale like a wavebag where culture is grown in a 

disposable plastic bag. In this instance, aeration is provided by the rocking mechanism 

that the bag is placed on, very much like a shake flask without the shaking component. 

Scalability of a wavebag is an issue by virtue of this wave-motion mixing mechanism. 

However, SUBs have been routinely scaled to 1,000 L and used at the industrial level. 
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1.2.5 Mode of operation for cell culture 

Cell culture can typically be operated in three main modes: batch, fed-batch and 

continuous perfusion (Birch and Racher 2006). Fed-batch is the most commonly 

operation mode seen in industry. In a batch operation, depletion of nutrients and 

accumulation of metabolites are the main limitations. In a fed-batch operation, problem 

with nutrients is circumvented as fresh nutrients can be added periodically into the 

semi-closed system but problem with the accumulating metabolite still persists. In a 

perfusion operation, both nutrient depletion and metabolite accumulation are 

circumvented by the constant supply of fresh medium and removal of waste and 

product. There is an increasing complexity and time of operation from batch to fed-

batch to perfusion (Figure 1.3). The fed-batch approach is an ideal compromise 

between scalability and complexity. 

 

 

Figure 1.3: Schematic representations of the batch, fed-batch and perfusion culture system. 
(Adapted from Birch and Racher (2006)). 
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1.2.6 Scale-up 

For effective economies of scale, many recombinant proteins have to be produced in 

multiple 1000+ L or even 10000+ L scale bioreactors. These biologic drugs are 

typically blockbuster drugs (e.g. HerceptinTM and EnbrelTM) and 10-100s of kilogram 

of drugs are needed to be produced in order to meet the demand every year (Farid 

2007). Given the logistical and financial circumstances, it is no surprise that large scale 

commercial bioreactors have to be utilised. However, typical process development 

always starts at the small scale. Any scaling-up work from the bench-scale (several 

litres) to the pilot-scale (10-100s litres) and ultimately to the production-scale (1000+ 

litres) will involve added complexity in their operations, logistical supports and not 

least, safety concerns during each step up the scale translation (Yang et al. 2007). 

Hence, the aim of a process scale-up is to facilitate a larger production capacity while 

maintaining productivity and product quality (Schmidt 2005, Meyer et al. 2014). 

 

Several considerations need to be made during scale-up. It is desirable to achieve 

similar mixing and homogenisation of gaseous-liquids-solids that would minimise large 

concentration gradients in pH and nutrients. Mass transfer of gases, particularly 

oxygen and carbon dioxide, is critical for cell physiology and even product quality. 

Shear considerations should also be factored in during the scale-up process. Various 

engineering approaches can be employed to achieve successful scale-up (Xing et al. 

2009, Meyer et al. 2014); these parameters are as follow: 

• Mass transfer (kLa) 

• Specific power input (P/V) 

• Volumetric gas flow rate per unit volume of liquid in bioreactor (VVM) 

• Impeller tip speed (𝜇𝑡𝑖𝑝) 

• Mixing time 

• Bioreactor geometry 

• Shear rate 

 

Due to practical differences in the design and configurations of bioreactors, it is not 

possible to maintain all parameters during the scale-up. As such, a pragmatic strategy 

would be to select several factors to keep constant while varying the other factors for 

the scale-up. P/V and kLa are the most commonly used scaling criteria (Junker 2004, 
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Nienow 2006, Xing et al. 2009, Platas Barradas et al. 2012, Sen et al. 2017). VVM can 

also be used as an effective scale-up criterion to address the issue of mass transfer 

of gas, particularly with carbon dioxide removal, at the larger scales due to the larger 

hydrostatic pressure (Sen et al. 2017). Mixing time, on the other hand, is not a practical 

way to scale as keeping a constant mixing time results in unreasonably high impeller 

agitation speed; mixing time is routinely accepted to be higher in larger bioreactors 

(Yang et al. 2007). Hence, it is obvious that one has to balance the trade-off between 

the various parameters during scale-up. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



Page 44 of 308 
 

1.2.7 Process analytical technology in cell culture 

To further improve the manufacturing process of the biopharmaceutical industry, the 

process analytical technology (PAT) initiative has been launched by the Food and 

Drug Administration (FDA) in USA almost two decades ago. The European Medicines 

Agency (EMA) had also adopted the guiding principles of PAT. The implementation of 

PAT has been envisioned to enable process monitoring and control via a combination 

of analytical technologies and statistical tools in a manufacturing setting; the 

knowledge generated from these process data should allow real-time monitoring and 

fine-tuning of the process and product quality. The ultimate goal of a real-time product 

release could be achieved instead of relying on the current practice of quality by 

testing, i.e. testing of product quality after the product has already moved onto the next 

process step. A quality by design (QbD) approach is thus highly appealing and, more 

importantly, economically sensible for biopharmaceutical manufacturers to pursue as 

it reduces the risk of process failure at the final manufacturing scale by designing 

suitable processes early in the process development stage (Rathore 2012, Streefland 

et al. 2013, Pais et al. 2014, Zhao et al. 2015). 

 

The implementation of PAT in the upstream unit operation (i.e. bioreactor) of a 

bioprocess is particularly challenging because of the multitude of critical process 

parameters that can influence the critical quality attributes of the process and drug 

product. Moreover, as the drug product is produced by the cellular factories, there are 

literally thousands of biochemical reactions that can complicate PAT implementation 

(Streefland et al. 2013). Ideally, the measurements of these process variables should 

be “real-time”, i.e. fast enough for decision to be made to modulate the process. This 

is dependent on the rate of change of the measured process variable. In the case of 

mammalian cell cultures, the rates (metabolic, growth, etc.) can be upwards of several 

order of magnitude slower than microbial or chemical processes, i.e. hours vs. 

minutes/seconds; this typically allows a larger window for the measurements (Zhao et 

al. 2015). As such, real-time measurements can take several hours and still be 

reasonably sufficient to incorporate the data as part of a control loop that can bring the 

measured variable to its desired level. Error! Reference source not found. shows a 

summary of literature findings that shows the various technologies for real-time 

quantification of the variables typically present in a mammalian cell culture.  
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Much of the improvements in PAT efforts in the past two decades for the 

biopharmaceutical industry have been in the use of spectroscopic techniques like 

infrared (IR) and Raman, along with the development of chemometric models that 

correlates the spectra data and variables of interest like metabolite concentrations and 

product quality. Furthermore, the implementation of automation to help integrate 

laborious, conventional analysis techniques into process monitoring makes data 

acquisition simpler and more efficient than before. While most applications (Error! 

Reference source not found.) have been for monitoring purposes, the daunting 

challenges encountered in achieving the vision of PAT completely are slowly but surely 

being tackled. There are technologies such as the dielectric spectroscopy and Raman 

spectroscopy that have been used successfully in process controls in bioreactors to 

modulate cell density and lactate concentration respectively; the more complex and 

nuanced tasks like the modulation of product glycosylation during the culture are still 

elusive. 

 

One particular area of PAT applicable in a bioreactor that is often undervalued is the 

analysis of the gas phase. Given that many more measurable variables are available 

for analysis and have been investigated in the liquid phase, off-gas analysis appears 

to be less attractive. It should be noted that off-gas broadly consists of any gaseous 

components that go in and out of the bioreactor, and not limited to just oxygen and 

carbon dioxide although these two are the most commonly measured components. 

Oxygen consumption is commonly estimated using the dynamic method or global 

mass balance (GMB) methods (Goudar et al. 2011). The former (dynamic method) 

involves the increasing of the dissolved oxygen in the bioreactor to a set level before 

turning off the oxygen supply and allowing the dissolved oxygen to be consumed by 

the cells. The latter, GMB method, only requires the gas flow rates and oxygen 

concentration in the inlet and outlet streams. The use of off-gas analysis in mammalian 

cell culture is particularly challenging because of the low respiration rate of mammalian 

cells compared to microbial cells. The use of bicarbonate as the pH buffer in culture 

media together with the fact that carbon dioxide is soluble in aqueous media makes 

the determination of biotic and abiotic evolution of carbon dioxide from the system 

challenging (J. et al. 1995). A literature study summarised by Goudar et al. (2011) 

showed that the majority of the off-gas analysis have been performed in perfusion or 

continuous modes in bioreactors and in batch mode for culture vessels less than 1 L 
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(Table 1.3). It is not surprising to find that to be the case as perfusion cultures generally 

facilitates off-gas analysis by being in steady-state conditions and that batch cultures 

are more easily maintained in terms of the lack of feeding and their simplistic 

operations. In contrast, while being similar to batch culture in terms of varying growth 

and metabolic states throughout the culture, fed-batch culture has the added 

complication of feed additions accompanied by volume changes. A search for more 

recent publications resulted in two instances where off-gas analysis was employed in 

fed-batch bioreactor cultures with one using mass spectrometry (MS) (Aehle et al. 

2011) and the other with a combination of non-MS based sensors (Winckler et al. 

2014). 

 

Oxygen is arguably the most essential component within a cell culture as cells are 

living organisms and must require oxygen to survive. The oxygen requirements 

needed by the cells to grow within the cell culture and how a culture system can 

distribute adequate oxygen to these cells are intrinsically linked when it comes to 

ensuring the successful outcome of the cell culture, i.e. to reproducibly manufacture 

protein of interests using cell culture especially within the biopharmaceutical industry. 

By being able to monitor the usage of oxygen by the cells (specific consumption of 

oxygen), scientist and engineers will then be able to better design bioreactors and gas 

delivery systems to provide adequate oxygenation to the cell culture. Of note, during 

the scale-up process, mass transfer of materials including dissolved gases are 

particularly critical simply due to a difference in scale of the vessel in which the cells 

grow (Nienow 2006). At larger scale (e.g. pilot and manufacturing scale), the larger 

hydrostatic pressure that the cell culture experiences means that gas solubility is 

significantly affected whereas this is negligible at the lab-scale (Xing et al. 2009). This 

not only affects the mass transfer of oxygen from bubbles to the cells but also how 

much carbon dioxide, a natural by-product of the cellular respiration process, is 

retained within or stripped from the culture. Furthermore, the physical geometry of the 

bioreactor and its gas delivery system can severely influence the mass transfer 

coefficient (kLa) of the gases. Hence, the use of off-gas analysers to monitor the 

gaseous state in the cell culture in real time is a highly attractive method to provide 

direct information about the cellular activity (Behrendt 1994, Eyer 1995, Goudar et al. 

2011). 
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Table 1.2. Technologies for real-time quantification of different variables in a bioreactor. 

Phase in 

bioreactor 

Measurable 

variable 

Measurement technique & Demonstrated measurement range 

from literature 

Mode of 

measurement 
Reference 

Liquid 

phase 

dissolved gases  

(dissolved O2, 

dissolved CO2) 

Polarographic/Amperometric probes (O2) 

(Electrochemistry) 
in-line commonly used 

Potentiometric probe (CO2) 

(Electrochemistry) 
in-line commonly used 

Optical/Fluorescence-based sensor (O2 & CO2) 

(Fluorescent interaction between light and gaseous molecules) 
in-line commonly used 

cell density, cell 

viability 

Turbidimeter 

(Turbidity of culture calibrated against known cell culture density; 105 

cells/mL to 106 cells/mL.) 

in-line 
Casablancas et al. 2013 

Konstantinov et al. 1992 

Trypan Blue-exclusion 

(Dye-exclusion by cellular membrane; 105 cells/mL to 106 cells/mL. 
at-line/off-line traditionally used 

Dielectric spectroscopy* 

(Capacitance of cell suspension calibrated against known cell culture 

density; 105 cells/mL to 107 cells/mL.) 

in-line/on-line 
Cannizzaro et al. 2003 

Justice et al. 2011 

Raman spectroscopy* 

(Raman scattering by vibrating molecules; 105 cells/mL to 107 

cells/mL.) 

in-line/on-line 
Abu-Absi et al. 2011 

Berry et al. 2015 

IR-based spectroscopy* 

(Infra-red light absorption by vibrating molecules; 105 cells/mL to 107 

cells/mL.) 

in-line/on-line 
Clavaud et al. 2013 

Sandor et al. 2013 
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Phase in 

bioreactor 

Measurable 

variable 

Measurement technique & Demonstrated measurement range 

from literature 

Mode of 

measurement 
Reference 

Microscopy 

(Visual inspection and counting of cells by camera; 105 cells/mL to 107 

cells/mL.) 

in-line/on-line 
Joeris et al. 2002 

Wiedemann et al. 2011 

pH 

Potentiometric probe 

(Electrochemistry) 
in-line commonly used 

Optical/Fluorescence-based sensor 

(Fluorescent interaction between light and gaseous molecules) 
in-line commonly used 

osmolality 

Osmometer 

(Freezing point depression) 
at-line/off-line commonly used 

IR-based spectroscopy* 

(Infra-red light absorption by vibrating molecules; 200-400 mOsm/kg) 
in-line/on-line Clavaud et al. 2013 

Raman spectroscopy* 

(Raman scattering by vibrating molecules; 200-400 mOsm/kg) 
in-line 

Abu-Absi et al. 2011 

Berry et al. 2015 

nutrients/metabolites 

Enzymatic assay  
(Automated sampling integrated to metabolites analyzer; mM and g/L 

range) 

at-line/off-line 
Derfus et al. 2010 

Chong et al. 2013 

HPLC 
(Automated sampling integrated to HPLC; mM and g/L range) 

at-line/off-line 
Larson et al. 2002 

Kurokawa et al. 1994 

IR-based spectroscopy* 
(Infra-red light absorption by vibrating molecules; mM and g/L range) 

in-line/on-line 

Clavaud et al. 2013 

Sandor et al. 2013 

Sellick et al. 2010 

Arnold et al. 2003 
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Phase in 

bioreactor 

Measurable 

variable 

Measurement technique & Demonstrated measurement range 

from literature 

Mode of 

measurement 
Reference 

Raman spectroscopy* 
(Raman scattering by vibrating molecules; mM and g/L range) 

in-line/on-line 

Abu-Absi et al. 2011 

Berry et al. 2015 

Matthews et al. 2016 

product 

concentration 

Affinity-based sensors/chromatography at-line/off-line commonly used 

Enzymatic assay at-line/off-line commonly used 

IR-based spectroscopy* 
(Infra-red light absorption by vibrating molecules; mg/L to g/L range) 

in-line/on-line 
Clavaud et al. 2013 

Sellick et al. 2010 

Raman spectroscopy* 
(Raman scattering by vibrating molecules; mg/L to g/L range) 

in-line/on-line 
Andre et al. 2015 

Li et al. 2018 

glycosylation 

Raman spectroscopy* 
(Raman scattering by vibrating molecules; glycoslyated and non-

glycoslyated forms in the mg/L range) 

in-line/on-line Li et al. 2018 

UPLC 
(Automated sampling integrated to UPLC system; fucosylation, 

galactosylation, mannosylation profile) 

at-line/off-line 
Tharmalingam et al. 2015 

Doherty et al. 2013 
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Phase in 

bioreactor 

Measurable 

variable 

Measurement technique & Demonstrated measurement range 

from literature 

Mode of 

measurement 
Reference 

charged variants 

analysis 

HPLC 
(Automated sampling integrated to HPLC system; charged variant 

profile) 

at-line St Amand et al. 2014 

Gas  

phase 

off-gas  

(O2, CO2) 

Paramagnetic sensor (O2) 
(Magnetic field & paramagnectic susceptibility of oxygen molecules; 0-

100 vol% range) 

in-line/on-line 
Lovrecz and Gray 1994 

Winckler et al. 2014 

Zirconium dioxide sensor (O2) 
(Electrochemistry - solid electrolyte; 0-100 vol% range) 

in-line/on-line 
Aehle et al. 2011 

Winckler et al. 2014 

IR sensor (CO2) 
(Infra-red light absorption by vibrating molecules; 0-20 vol% range) 

in-line/on-line 

Lovrecz and Gray 1994 

Aehle et al. 2011 

Winckler et al. 2014 

Quadrupole/Magnetic sector mass spectrometry 
(Mass-based detection of gaseous components; ppm to 100% range) 

in-line/on-line 

Eyer et al. 1995 

Behrendt et al. 1994 

Goudar et al. 2011 

volatile organic 

compounds (VOCs) 

Proton transfer reaction mass spectrometry 
(Chemical soft ionisation by hydronium ions and analyte of interest 

followed by mass-based detection - trace components only; ppt to 

ppm range) 

in-line/on-line Schmidberger et al. 2014 

*Spectroscopy techniques require the use chemometric tools to correlate the multivariate measurements to the measured variables. 

 

 

 



Page 51 of 308 
 

 

Table 1.3: Summary of literature with off-gas analysis in mammalian cell cultures. Adapted from 
Goudar et al. (2011); specific reference for each literature can be found there. 

No. Cell line Scale of cultivation Mode of cultivation 

1 Hybridoma 2 L bioreactor Continuous 

2 Hybridoma 0.5 L bioreactor Continuous 

3 Hybridoma 1.2 L bioreactor Continuous 

4 Hybridoma 2 L bioreactor Batch 

5 Hybridoma 150 L & 300 L bioreactor Semi-continuous 

6 Hybridoma 1 L bioreactor Continuous 

7 Hybridoma 0.6 L bioreactor Batch 

8 Hybridoma 0.7 L bioreactor Perfusion 

9 Hybridoma 12-200 L bioreactor Batch 

10 Hybridoma 3-7 mL respirometer Batch 

11 Hybridoma T-175 flasks & 2 L bioreactor Batch & Fed-batch 

12 Hybridoma 0.1 L bioreactor Continuous 

13 Hybridoma 0.015 L bioreactor Batch & Fed-batch 

14 CHO 15 L bioreactor Perfusion 

15 CHO 40 L packed bed bioreactor Continuous 

16 CHO 15 L bioreactor Perfusion 

17 CHO 15 L bioreactor Perfusion 

18 CHO 3-7 mL respirometer Batch 

19 CHO 96-well plates Batch 

20 CHO 250 mL spinner flasks Batch 

21 BHK 12 L bioreactor Perfusion 

22 BHK 3-7 mL respirometer Batch 

23 NS0 2 L bioreactor Perfusion 

24 Myeloma T-75 flasks Batch 
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1.3 Product quality attributes 

While the main drive of the early days of the biopharmaceutical industry has been to 

increase the production levels of the recombinant proteins, increased attention has 

been given towards product quality in recent decades. Inherent product heterogeneity 

due to the biological nature of the mode of Mab production and the clinical significance 

of the synthesised protein in patients have in part led to the consensus that product 

quality attributes (PQAs) need to be investigated and understood (Gramer 2014). This 

knowledge then facilitates the successful manufacturing of these biological drugs and 

benefits the patients who are the ultimate end users. Table 1.4 shows a summary of 

the PQAs pertaining to the product itself and impurities that arise from the upstream 

(USP) which can be subsequently purified in the downstream process (DSP). Gramer 

(2014) and Brühlmann et al. (2015) have detailed extensive literature findings with 

regards to the importance of the PQAs and the various factors capable of modulating 

the PQAs. 

 

Table 1.4: Common PQAs found in upstream process of a mammalian cell culture. Information 
taken from Gramer (2014) and Brühlmann et al. (2015). 

Product-related  
1. Glycosylation 
 • High mannose 
 • Galactosylation 
 • Fucosylation 
 • Sialylation 
 • Glycation 
2. Charge variants 
 • Deamidation and isomerisation 
 • Oxidation 
 • C-/N-terminal modification 
3. Aggregates (HMW) 
4. Fragments (LMW) 
5. Amino acid misincorporation 

Process-related 
1. HCP 
2. DNA 
3. Virus 
4. Cell culture components 
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Understandably, glycosylation, which is a post-translational modification that 

synthesised proteins undergo to achieve more complex functionalities, has far 

reaching impact on the efficacy of therapeutic drugs. For example, increased 

sialylation is favourable as it provides a longer half-life for the drug by reducing the 

affinity of the drug binding to asialoglycoprotein receptor in hepatic cells and hence its 

clearance from the body (Morell et al. 1971). In another instance, afucosylated (lack 

of fucose residue) antibody has been found to be more than 50 times as efficacious 

than its fucosylated counterpart due to the improved antibody-dependent cellular 

cytotoxicity (ADCC) (Shields et al. 2002). Protein aggregation is another particularly 

important PQA as immune responses elicited by the patients can not only produce 

antibodies that neutralise the exogenous antibody but also cross-react with 

endogenous proteins that can cause severe anaphylaxis responses (Rosenberg 

2006). 

 

Most process-related impurities arise from the cell line (host cell) used for the 

production of the recombinant protein - host cell proteins (HCPs) secreted by the cells, 

DNA from the host cells due to cell lysis, and viral particles inherent in the host cells. 

These impurities can be removed further downstream after harvest by steps like 

affinity and ion-exchange chromatography or non-chromatographic separations like 

precipitation and membranes (Shukla and Thömmes 2010). 
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1.3.1 Charge variants 

A routinely measured PQA in the biopharmaceutical industry is the charge variant 

profile of the Mab products that are produced. Specifically, different post-translational 

modifications that the Mabs undergo result in microheterogeneities that give rise to 

their charge variant profiles and biological activity (Hintersteiner et al. 2016). The 

charge variant distribution can be determined using either electrophoresis or ion 

exchange chromatography. Analysis of the charge variant profile involves the 

classification of the main species, acidic species and basic species & the proportion 

of each species relative to the combined species. The main species do not necessarily 

represent Mab variants that are pH-neutral. The acidic and basic species simply refers 

to Mab variants that are, respectively, relatively more acidic and basic than the main 

species. The acidic and basic species also have correspondingly lower and higher 

isoelectric point (pI) than the main species.  

  

Causes of these charge variants have been investigated and attributed to multiple 

mechanisms instead of just a single contributing factor. These mechanisms can 

involve the loss or formation of the acidic- or basic-causing functional group like a 

carboxylic group or amine group that directly influence the overall charge distribution 

of the Mab. Alternatively, mechanisms that result in conformational change to the Mab 

can likewise influence its charge distribution profile. It should also be noted that in 

situations where different Mab samples (e.g. biosimilar and the originator, different 

Mab batches from the same process) have similar charge distribution profile, it is 

possible that the similarity can be a consequence of the different mechanisms in 

forming the acidic and basic species (Xiao et al. 2018)  

 

Table 1.5: Major mechanisms contributing to the variation in the charge distribution profile of 
Mab. (Liu et al. 2019, St Aamand et al. 2014) 

Acidic Basic 

Glycation at lysine residue C-termial lysine formation 

Sialylation C-terminal amidation 

Deamidation of asparagine N-terminal glutamine formation 

C-terminal lysine cleavage Asialylation (terminal galactose) 

- Isomerisation of aspartate to isoaspartate 

- Oxidation of methionine, cysteine, lysine, 
histidine, tryptophan 
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The non-enzymatic process of glycation between a reducing sugar like glucose and 

the amine group of a lysine residue result in the net loss of positive charge (basic 

variants). Processes like deamidation (chemical) and sialylation (enzymatic) result in 

a net increase in negative charge (acidic variants) due to the resultant carboxylic acid 

functional group. The amino acid residue, lysine, has a net positive charge at 

physiological conditions and its presence or absence commonly observed at the C-

terminal of a protein can result in a net gain or loss of positive charge respectively. 

The isomerisation of aspartate to isoaspartate via a succinimide intermediate could 

impart a slightly more acidic chemistry than aspartate. However, structural changes 

due to the introduction of a methyl group in the polypeptide backbone from the 

isomerisation has been suggested to have a more pronounced effect in modulating 

the overall charge distribution (Zhang and Czupryn 2003, Wakankar et al. 2007). 

Oxidation of amino acids like methionine and histidine has also been proposed to 

cause conformational change (aggregation) in the Mab that could impact the charge 

distribution (Amano et al. 2014, folzer et al. 2015, Ji et al. 2009).  
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1.4 Downstream process 

 

1.4.1 Platform process for Mab purification 

With biopharmaceutical companies having multiple Mab candidates in their pipelines 

and actual production plants, it will be grossly inefficient for the companies to have 

individual Mab-specific purification process in terms of investment cost and time per 

Mab, particularly in process development and technology transfer across multiple sites 

(Shukla et al. 2007, Kelley 2009). Therefore, companies have developed the strategy 

of using platform processes to facilitate process development of several Mabs (Figure 

1.4). While platform process can be thought of as generic process, it does not 

necessarily create a template protocol that fits the various purification needs of the 

different Mabs coming from the upstream. In fact, a platform process serves as a 

series of guidelines that dictate the type of unit operations and the range of operating 

conditions necessary to achieve the required purification level (Shukla et al. 2007, 

Shukla and Thömmes 2010). 

 

 

Figure 1.4: DSP platform process. Polishing #1 and #2 can be selected from CEX (cation exchange 

chromatography), AEX (anion exchange chromatography), HIC (hydrophobic interaction 

chromatography) or mixed mode. Adapted from Shukla and Thömmes (2010). 
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1.4.2 Purification and polishing 

After passing the harvest through centrifugation and filtration, the clarified cell culture 

fluid (CCCF) still contains impurities like host cell proteins (HCP), DNA and possibly 

contaminants like endotoxins although endotoxins should not be found in mammalian 

cell culture if good manufacturing practices have been implemented. Removal of these 

impurities and contaminants, at least to an acceptable level, is the intention of the 

purification and polishing steps. Purity is of paramount concern at this stage. 

Orthogonal methods are typically used to effectively remove any contaminants and 

adventitious agents present in the CCCF (Shukla et al. 2007). Various modes of 

chromatography such as affinity (e.g. Protein A), ion exchange, hydrophobic 

interaction and size-exclusion can be utilised. A buffer exchange or even concentration 

step may be necessary to facilitate the operation of the subsequent purification step. 

The sequence and number of steps involved are product specific. For a typical 

monoclonal antibody purification, the CCCF is first subjected to Protein A, allowing a 

purity of > 95 % in a single step, followed by two other chromatographic steps like ion 

exchange and hydrophobic interaction (Figure 1.5). 

 

 

Figure 1.5: Schematic of a generic whole bioprocess of monoclonal antibodies from cell 
culture. Adapted from Sommerfeld and Strube (2005). 
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1.4.3 High throughput chromatography 

In recent years, there is a drive to replace quality by testing with quality by design 

(QbD) as a more robust way of integrating quality into the processes themselves. To 

enable an efficient way of implementing QbD, high throughput process development 

(HTPD) is essential, especially at the early stages of process development. High 

throughput techniques lend themselves to facilitating analytics and investigations in 

the various unit operations. 

 

HT chromatography can be performed in either batch or packed bed formats (Petroff 

et al. 2016). HT batch experiments are ideal for deriving adsorption isotherms, 

screening chromatographic media and investigating conditions for bind, wash and 

elute steps. Simplicity is the single most pertinent advantage that batch 

chromatography has over packed bed. In batch, liquid phases can be applied to known 

quantities of solid phases (chromatographic media) typically in a 96-well or even 384-

well plate for simultaneous experimental study. These well plates are also known as 

slurry plates where small volume of chromatographic media is placed in every well. 

The bottom of the well can be a dead-end where the slurry (liquid and resin mixture) 

is separated via gravity settling. Alternatively, the well-plate’s bottom can be in the 

form of a filter plate where separation of the liquid and solid phases can be achieved 

via centrifugation or vacuum filtration. A non-plate based format is also available where 

users can use PhyNexus tips where chromatographic media come pre-packed within 

a pipetting tip; and the liquid phase is delivered via pipetting actions. Liquid dispensing 

in either the plate or tip format can be achieved with automated liquid handling stations. 

 

However, this “one-pot reaction” scenario in batch chromatography is inherently 

unable to provide resolution-driven separation which is the basis for most preparative 

chromatography applications. As such, packed bed chromatography has to be used 

in these scenarios. HT packed bed chromatography is performed just like any 

benchtop column chromatography but the scale is in the micro-litres range. Micro-

chromatographic columns, containing less than 1 mL of resin, are utilised in HT packed 

bed chromatography. These miniature columns are to be used together with 

automated liquid handling stations to facilitate the automation and parallelisation of the 

process (Wiendahl et al. 2008). The liquid handling station is modular and 
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customisable in nature. Various configurations can be setup as demanded by the 

experiments such as an integrated incubator, centrifuge, shaker and 

spectrophotometer along with the robotic liquid handling system. At this micro-scale 

level, miniaturisation enables the use of low quantities of sample material. 

Parallelisation is also achievable with the robotic liquid handling module that can 

accommodate upwards of 8 tips or channels with the options to further increase to 384 

for a 384-well plate in the case of a batch study. In the context of HT packed bed 

chromatography, multiple micro-columns can be used and operated simultaneously. 

Compared to the traditional way of running experiments sequentially in the typical 

programmable chromatography equipment like the AKTA systems from GE 

Healthcare, the parallelisation capability that can be achieved with the use of the 

automated liquid handling station is a stark improvement in terms of throughput. 

 

Currently, there are only a few companies that provide such modular and automated 

liquid handling systems, for example the TECAN Freedom EVO series and Perkin 

Elmer’s JANUS® Automated Workstation. From the literature search so far, HT 

chromatography research involving micro-columns (RoboColumns) has been found 

exclusively in the TECAN Freedom EVO platforms. RoboColumns are essentially the 

miniaturised version of packed chromatographic columns as depicted in Figure 1.6. 

The resins in the RoboColumns can be of almost any commercially available 

chromatography media, with the bed volume ranging from 50µL to 600µL. 
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Figure 1.6: Schematic for a RoboColumn's compatibility with the TECAN Freedom EVO liquid 
handling station. Adapted from Wiendahl et al. (2008). 

 

However, there need to be some considerations during chromatography scale up or 

down when selecting the appropriate RoboColumns with respect to the available 

column volume. For instance, residence time has to be kept constant for scalability. 

The residence time in the RoboColumns will be determined by the flowrate of the 

dispensing tip as depicted in Table 1.6. Given that the slowest flowrate in the 1 mL 

syringe on the TECAN Freedom EVO liquid handling station is 1 µLs-1, there will be a 

limit as to how low a column volume can be used without compromising on the 

residence time and hence, scalability. A residence time of less than 3 minutes is 

generally avoided and as such, RoboColumns with 200 µL column volume is the 

minimum column size to be used. 

 

Table 1.6: Residence time for RoboColumns of different column volume at the slowest flowrate 
of 1µLs-1. 

Column volume 
(µl) 

50 100 200 450 500 600 

Residence time at 
flowrate of 1 µl s-1 
(minute) 

0.83 1.67 3.33 7.50 8.33 10.00 
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1.5 Aim and objectives of thesis 

 

This thesis aims to characterise the growth and metabolic profiles and productivity of 

cell culture based on a GS-CHO cell line in the shake flask and bioreactor scale. This 

involves the use of fed-batch cultivation mode in both the bench and pilot scales to 

generate industrially-relevant data. The use of culture additives is explored as a means 

to improve productivity. Literature review discussed in Section 1.2.3 has indicated few 

such work have been performed using GS-CHO cell line. Case in point, NaBu has 

been used extensively in non-GS CHO cell lines and most experimentations have 

been in batch mode which is non-representative of industrial applications. To facilitate 

the characterisation of the cell cultures, the use of an online monitoring tool via an off-

gas MS is explored. As previously exemplified in Section 1.2.7, there is an apparent 

lack of such application in the context of fed-batch bioreactor cultures. Hence, there is 

an incentive to develop a real-time monitoring tool that can potentially aid cell culture 

process development. To round up the whole bioprocess study of a Mab production, 

a pilot scale downstream purification process is to be evaluated. This platform DSP is 

built upon the thesis work of Tarrant (2014) where a 3-steps process has been used; 

the work herein uses AEX resin chromatography instead of the AEX membrane 

chromatography in the Protein A-CEX-AEX sequence.  

 

Objectives for the overall project are summarised below with references to the relevant 

chapters discussed within this body of work: 

 

Objective 1: Characterise the growth and metabolic profiles and productivity of 

a GS-CHO cell culture using industrially-relevant fed-batch strategy. 

It is hypothesised that the use of culture additives will improve culture productivity and 

a synergistic effect may be observed through the usage of multiple additives This is 

achieved in Chapter 3 & 4 where appropriate fed-batch strategies are investigated and 

the same optimised feeding strategy is applied in cell cultures in both the shake flasks 

and bioreactors. Use of different culture additives is also investigated in both batch 

and fed-batch modes. Some optimisations in analytics are also detailed in Chapter 3. 

Chapter 6 also details the successful demonstration of the application of a flexible and 

accessible automated operation of miniature chromatography columns on a liquid 
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handling station. This methodology is used for the rapid purification of Mab from cell 

culture supernatant samples for subsequent product quality analysis. 

 

Objective 2: Develop a suitable scale-up strategy from 5 L to 50 L bioreactor. 

The impetus for this work is to ensure the scalability of the bench-scale bioreactor to 

a pilot-scale bioreactor based on a constant P/V, VVM and feeding strategy. The 

scale-up work is discussed at the end of Chapter 4. The data is then compared with 

published data to evaluate the suitability of the scale-up strategy. 

 

Objective 3: Develop a real-time monitoring tool for mammalian cell culture 

using an off-gas mass spectrometry. 

It is proposed, as a proof-of-concept, that a non-invasive real-time monitoring of the 

culture can be achieved using an off-gas MS analyser. This is achieved in Chapter 5 

where the applicability of off-gas MS analysis in fed-batch mammalian cell culture is 

evaluated. The real-time off-gas data is cross-examined with the offline culture data, 

in Chapter 4, from selected bioreactor runs which have the MS connected throughout 

the culture duration. 

 

Objective 4: Evaluate a modified platform process for DSP at the pilot scale. 

Similar to the scale-up effort carried out for the cell culture aspect as part of Objective 

2, it is proposed that an exercise be undertaken to bring the material from the pilot-

scale bioreactor through the DSP steps to produce a purified pool of antibody. The 

final purified material is then to be used by other researchers within the research group 

for lyophilisation studies (not covered within this thesis). Chapter 7 covers the 

extensive work for the purification process to obtain a Mab of high purity. The non-

purified material that is required for DSP is obtained from the harvest from the 50 L 

bioreactor run detailed in Chapter 4. 
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2 Materials and methods 

 

2.1 Cell culture 

 

2.1.1 Cell line 

A GS-CHO cell line that expressed the chimeric Ig4 monoclonal antibody cB72.3 

(CY01) was generously provided by Lonza Biologics, Slough, UK. This cell line could 

grow in suspension in a chemically defined medium 

 

2.1.2 Cell bank 

A working cell bank was generated to last the duration of the research. Cells were 

grown in a vented Erlenmeyer flask to a minimum viable cell concentration of 3.0 x 106 

cells/mL ideally with a cell viability > 95 % in 400 mL of medium. A protein-free, serum-

free, chemically-defined medium (CD CHO medium, Gibco, Life Technologies, 

Paisley, UK) was used. 25 µM of MSX was added to the medium at 0.1% (v/v) to 

maintain selective pressure on the cells with the GS gene. Flask was incubated at 

37°C and 5% CO2. When the cell density has been reached, the culture was 

centrifuged at 450g for 5 minutes. The supernatant was decanted and the cell pellet 

was resuspended into a small volume of sterile medium (< 8 mL) before the cell 

concentration and viability were checked. This concentrated cell stock was then diluted 

with sterile medium to reach 10 mL to ensure there was at least 30 x 106 cell/mL. 500 

µL of this diluted cell stock was added to another 500 µL of freezing medium which 

was the same culture medium containing 20% (v/v) of DMSO in a 1 mL cryovial. The 

cryovial should contain 1 mL of cell culture aliquot with at least 15 x 106 cell/mL in a 

freezing medium containing a final concentration of 10% (v/v) of DMSO. 20 cryovials 

of the 1 mL aliquot were prepared and placed in pre-chilled Mr Frosty containers with 

isopropanol. After an overnight storage in the -80°C freezer, the cryovials were 

transferred into liquid nitrogen tank for long term storage. 

 

2.1.3 Cell thaw 

Cells were thawed from the cell bank as required for culture experiments. Cells from 

the cryovial was thawed completely by a water bath before being diluted with 9 mL of 

pre-warmed culture medium. The 10 mL culture was then centrifuged at 450 g for 5 
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minutes. The supernatant was decanted and the cell pellet was resuspended in 9 mL 

of pre-warmed culture medium supplemented with the selection agent (MSX). Viable 

cell concentration and viability were checked and should be at approximately 1.5 x 106 

cell/mL and > 90% respectively. The first passage was performed by inoculating at a 

seeding density of 0.2 x 106 cell/mL in 50 mL of medium using a 125 mL Erlenmeyer 

flask.  

 

2.1.4 Cell passage 

Unless otherwise mentioned, all cells were maintained in the CD CHO medium 

supplemented with 25 µM of MSX at 0.1% (v/v). Cells were incubated at 37°C, 

humidified and 5% CO2 on an orbital shaker at 150 rpm & orbital diameter of 10 mm  

or 25 mm. Subculturing (passaging) was performed every 3 or 4 days, up to 25 

passages, with a seeding density of 0.2 x 106 cell/mL in 100 mL of medium using a 

250 mL Erlenmeyer flask. When the passage number exceeded 25 or deemed too old, 

a new cryovial was thawed to begin a fresh culture.  

 

When larger volume of inoculum was needed for large scale cultivation, 1 L-sized 

Erlenmeyer flasks were used while the seeding density of 0.2 x 106 cell/mL was 

maintained. For such an inoculum expansion for use in large scale cultivation, the use 

of MSX-supplemented medium was replaced by normal medium (no supplements) 

from the (n-2)th passage onwards where n was the large scale cultivation itself. 

 

 

 

 

 

 

 

 

 

 

 



Page 65 of 308 
 

2.1.5 Shake flask cultures 

 

2.1.5.1  Feeding strategy 1 (FS-SF1) 

The feeding strategy, FS-SF1, was based on a single commercially available feed, 

EfficientFeed B. The daily bolus feeding consisted of a fixed volume of EfficientFeed 

B being added each day after feed initiation: first 3 days at 10% of initial culture volume 

per day and subsequent days at 5% of initial culture volume per day. Feed was only 

initiated when the glucose concentration reached ~3 g/L. FS-SF1 was chosen as the 

default feeding strategy employed in all shake flask-based experiments after a 

screening process involving 2 other feeding strategies detailed in Section 3.4.3. 

 

2.1.5.2  Feeding strategy 2 (FS-SF2) 

The second feeding strategy, FS-SF2, was also based on the single commercially 

available feed, EfficientFeed B. Instead of a fixed volume bolus feed feeding employed 

in FS-SF1, FS-SF2 utilised a non-fixed volume bolus feeding based on the percentage 

increase, from the previous day to the day of feeding, of the cumulative integral viable 

cell density (cIVCD) of the culture. Feeding was performed on a daily basis starting 

from Day 3 of the culture where the first feed volume was set at a given X% of the 

initial culture volume. Subsequent daily feeding volume was based on the increase in 

cIVCD as described before. The maximum total feed volume to be added would be 

capped at 400 mL. This growth-based feeding strategy was tested using two values 

of the abovementioned X% on Day 3 of the culture: 1% and 2%. They would be 

identified as FS-SF2-1% and FS-SF2-2% respectively in the thesis. 

 

2.1.5.3  Feeding strategy 3 (FS-SF3) 

The third feeding strategy, FS-SF3, was based on the FS-SF1 but with additional 

amino acid supplementations using a commercially available non-essential amino acid 

stock solution (NEAA). The NEAA had been pH adjusted to pH 7.7 using 2 M NaOH 

as the pure NEAA had a pH of <2.0. The NEAA was added in the same fixed volume 

addition as per the EfficientFeed B. The volume of NEAA added to the culture was 

identical to that of the EfficientFeed B. The maximum combined feed volume to be 

added would be capped at 400 mL. 
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Table 2.1: Summary of the different feeding and operating strategies in shake flask cultures. 

Feeding strategy FS-SF1 
FS-SF2  

(1%, 2%) 
FS-SF3 

C
o

m
p

o
n

e
n

ts
 

EfficientFeedB Yes Yes Yes 

NEAA - - Yes 

Type of feed Single feed Single feed 2 separate feeds 

When to initiate 
feed? 

When [Glucose] 
<  

3 g/L 
On Day 3 

When [Glucose] 
<  

3 g/L 

Feeding sequence 
(1) Add 
EfficientFeed B. 

(1) Add 
EfficientFeed B. 

(1) Add 
EfficientFeed B. 
(2) Add NEAA. 

Feed volume 

10% initial culture 
volume for 3 
days and 5% for 
subsequent days. 

X% of initial 
culture volume 
on Day 3 and for 
subsequent days, 
refer to Equation 
2.1.; max overall 
feed volume 
capped at 400 
mL. 

EfficientFeed B  
& NEAA: 10% 
initial culture 
volume for 3 
days and 5% for 
subsequent days; 
max overall feed 
volume capped 
at 400 mL. 

Basis of feed 
Fixed volume, 

bolus 

Non-fixed 
volume, cIVCD-

based, bolus 

Fixed volume, 
bolus 

Initial culture volume 
(mL) 

200 

 

 

 𝑉𝑓𝑒𝑒𝑑,𝑛 = (
𝑐𝐼𝑉𝐶𝐷𝑛

𝑐𝐼𝑉𝐶𝐷𝑛−1
) (𝑉𝑓𝑒𝑒𝑑,𝑛−1) Equation 2.1 

 

Where, 

𝑉𝑓𝑒𝑒𝑑,𝑛 refers to the feed volume to be added on nth day;  

𝑉𝑓𝑒𝑒𝑑,𝑛−1 refers to the feed volume that was added on (n-1)th day;  

𝑐𝐼𝑉𝐶𝐷𝑛 refers to the cIVCD on nth day;  

𝑐𝐼𝑉𝐶𝐷𝑛−1 refers to the cIVCD on (n-1)th day.  
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2.1.6 Bioreactor cultures (5 L) 

Lab scale bioreactor cultures were carried out using 5 L bioreactor with a control 

system (Biostat B-DCU control unit, Sartorius, Epsom, UK). Unless otherwise stated, 

bioreactor cultivations were done with an initial working volume of 2.5 L or 3.5 L and 

inoculated at a minimum seeding density of 0.2 x 106 cells/mL. Temperature was 

maintained at 37°C ± 0.1 °C using an electrical heating jacket. pH was controlled at 

pH 7.1 ± 0.1 or pH 7.2 ± 0.1 by sparging in carbon dioxide (CO2) gas and addition of 

base solution. Dissolved oxygen tension (DOT) was maintained at 30 % ± 1 % using 

a blend of compressed air, oxygen and nitrogen, all at 0.5 bar, by the control unit at a 

flow rate of 100 cm3/min or 200 cm3/min via a horse shoe sparger. Agitation was 

provided by using a single three blade impeller with a 45° pitch at 230 rpm or 260 rpm. 

Addition of 1% (v/v) antifoam solution (antifoam C emulsion, Sigma Aldrich) was made 

at the discretion of the operator. Operating conditions specific to the corresponding 

feeding strategy would be detailed in the respective feeding and operating strategy 

sections. A summarised table for the different feeding and operating strategies could 

also be found in Table 2.2. 

 

The bioreactor was operated in a fed-batch mode. Daily monitoring was done with 

samples of approximately 10 mL being taken and measured for viable cell 

concentration, viability, nutrients and metabolites. Bolus feeding was performed daily 

upon initiation of feed addition. Various feeding regimes were investigated. Unless 

otherwise mentioned, the trigger to initiate feed in all cases was the glucose 

concentration. 

 

2.1.6.1  Feeding and operating strategy 1 (FS-STR1) 

The first feeding strategy, FS-STR1, was based on a protocol that previous members 

of the cell culture lab had used with no modification. The feed was created from a 10x 

concentrated solution of CD CHO medium, constituted from its granulated form (CD 

CHO AGT medium, Gibco, Life Technologies, Paisley, UK), and supplemented with 

glucose to achieve a final glucose concentration of 150 g/L in the feed. The 

supplemented media was sterile filtered with a 0.22 µm filter (Stericup) prior to use. 

The daily bolus feeding was performed such that the glucose concentration target for 

the cell culture after feeding was 2 g/L. Base solution was 0.1 M bicarbonate-
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carbonate buffer. The operating conditions were as follow: initial working volume of 

3.5 L, pH setpoint at pH 7.1 ± 0.1, gas flow rate of 100 cm3/min and impeller at 260 

rpm. 

 

2.1.6.2  Feeding and operating strategy 2 (FS-STR2) 

The second feeding strategy, FS-STR2, was based upon FS-STR1 with a slight 

modification. Apart from the glucose supplementation to 150g/L, L-glutamate was 

added into the single feed with a final stock glutamate concentration of 100 mM. No 

pH-adjustment was performed. The supplemented media was sterile filtered with a 

0.22 µm filter (Stericup) prior to use. The daily bolus feeding was performed such that 

the glucose concentration target for the cell culture after feeding was 2 g/L. Base 

solution was 0.5 M bicarbonate-carbonate buffer. The operating conditions were as 

follow: initial working volume of 3.5 L, pH setpoint at pH 7.1 ± 0.1, gas flow rate of 100 

cm3/min and impeller at 260 rpm. 

 

2.1.6.3  Feeding and operating strategy 3 (FS-STR3) 

The third feeding strategy, FS-STR3, was based upon FS-STR2 with several 

modifications. Instead of a single feed, three separate feeds were utilised. They were 

namely a commercially available feed media (EfficientFeed B) compatible with the 

basal media, a stock glucose solution prepared in water to a final concentration of 

500g/L and a stock glutamate solution prepared in water and pH-adjusted to pH 8 to 

a final concentration of 500 mM. The stock glucose and glutamate solutions were 

individually sterile-filtered with a 0.22 µm filter (Stericup) prior to use. EfficientFeed B 

came as a sterile liquid formulation. A fixed volume of EfficientFeed B was added each 

day after feed initiation: first 4 days at 5% of initial culture volume per day and 

subsequent days at 1% of initial culture volume per day. The daily bolus feeding was 

performed such that the glucose and glutamate concentration target for the cell culture 

after feeding were 1 g/L and 1.5 mM (or 2 mM) respectively, as shown in Figure 2.1. 

Base solution was 0.5 M bicarbonate-carbonate buffer. The operating conditions were 

as follow: initial working volume of 3.5 L, pH setpoint at pH 7.1 ± 0.1, gas flow rate of 

100 cm3/min and impeller at 260 rpm. 
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Figure 2.1: Schematic representation of  the feeding strategy, FS-STR3. 

 

2.1.6.4  Feeding and operating strategy 4 (FS-STR4) 

The fourth feeding strategy, FS-STR4, was created to reduce the complexity of feeding 

such that it would integrate easily across all platforms, be it at the shake flask scale, 

bench top scale or the pilot scale. Therefore, a single feed was used, namely just the 

EfficientFeed B. This was in fact the same as that used in shake flask fed-batch 

cultures, FS-SF1, mentioned in Section 2.1.5.1. The daily bolus feeding consisted of 

a fixed volume of EfficientFeed B being added each day after feed initiation: first 3 

days at 10% of initial culture volume per day and subsequent days at 5% of initial 

culture volume per day. Base solution was 1 M NaOH. The operating conditions were 

as follow: initial working volume of 2.5 L, pH setpoint at pH 7.2 ± 0.1, gas flow rate of 

200 cm3/min and impeller at 230 rpm. 
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Table 2.2: Summary of the different feeding and operating strategies in bioreactor cultures. 

Feeding strategy FS-STR1 FS-STR2 FS-STR3 FS-STR4 

C
o

m
p

o
n

e
n

ts
 CD CHO 

10x 
concentration 

10x 
concentration 

- - 

Glucose 150 g/L 150 g/L 500 g/L - 

Glutamate  100 mM 500 mM @ pH 8 - 

EfficientFeed 
B 

- - Yes Yes 

Types of feed 
Single, mixed 

feed 
Single, mixed 

feed 
3 separate 

feeds 
Single feed 

When to initiate 
feed? 

When [Glucose] 
<  

2 g/L 

When [Glucose] 
<  

2 g/L 
Start on Day 3 

When [Glucose] 
<  

3 g/L 

Feeding 
sequence 

(1) Add enough 
of the single 
feed to get a 
post feed 
[Glucose] =  
2 g/L. 

(1) Add enough 
of the single 
feed to get a 
post feed 
[Glucose] =  
2 g/L. 

(1) Add 
EfficientFeed 
B**. 
(2) Add enough 
glucose stock to 
reach target 
1g/L. 
(3) Add enough 
glutamate stock 
to reach target.  

(1) Add 
EfficientFeed 
B^^. 
 

Feed volume - - 

**at 3% initial 
culture volume 
for 4 days and 
1% for 
subsequent 
days. 

^^at 10% initial 
culture volume 
for 3 days and 
5% for 
subsequent 
days. 

Initial culture 
volume (mL) 

3500 3500 3500 2500 

Base used 
0.1 M 

bicarbonate-
carbonate buffer 

0.5 M 
bicarbonate-

carbonate buffer 

0.5 M 
bicarbonate-

carbonate buffer 
1 M NaOH 

pH setpoint 7.1 ± 0.1 7.1 ± 0.1 7.1 ± 0.1 7.2 ± 0.1 

Gas flow rate 
(cm3/min) 

100 100 100 200 

Impeller rpm 260 260 260 230 
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2.1.7 Bioreactor culture (50 L) 

The seed train for the 50 L SUB fed-batch process involved initial expansion in shake 

flasks, followed by a N-1 step in the 5L glass STR. The inoculum from the 5 L STR 

was used to inoculate the 50 L SUB (Sartorius, BIOSTAT STR 50) at 0.4 x 106 cells/mL 

with an initial working volume of 25 L. Basal and feed media used were CD CHO and 

EfficientFeed™ B respectively. Temperature was maintained at 37°C ± 0.1 °C. pH was 

controlled at pH 7.2 ± 0.1 by sparging in CO2 gas and addition of 1 M NaOH. DOT was 

maintained at 30 % ± 1 % using a blend of compressed air, oxygen and nitrogen, all 

at 0.5 bar, with the mass flow controllers. Overall gas flow rate in the 50 L SUB was 

2.3 L/min. Agitation and aeration were provided by a ring sparger and two three-blade 

segment impellers at 123 rpm. Addition of 1% (v/v) antifoam solution was made at the 

discretion of the operator. Daily monitoring was done with samples being taken and 

measured for viable cell concentration, viability, nutrients and metabolites. The feeding 

strategy was the same as that in FS-STR4 where the bolus feed volume was 10% of 

initial culture volume for the first three days with subsequent days being only 5%. The 

5 L STR run had been scaled up to the 50 L SUB by keeping the specific power input 

(P/V) constant and a fairly equivalent volumetric gas flow rate per bioreactor volume 

(VVM). Details of the operating conditions could be found in Table 2.3. Gas streams 

going in and out of the bioreactor were connected to a process mass spectrometer for 

off-gas analysis (Thermo Scientific, Prima BT Mass Spectrometer). 

 

Table 2.3: Summary of operating parameters of 5 L STR and 50 L SUB 

Conditions / Parameters 2 x 5 L STR 50 L SUB 

Initial working volume (L) 2.5 25 

Inoculation density (x 106 cell/mL) 0.3-0.4 

Temperature (ºC) 37 

pH control 7.2 ± 0.1, CO2 and 1 M NaOH 

Dissolved oxygen (% air saturation) 30 

Sparger / Impeller horse shoe sparger; 1 x 
three-bladed, 

pitched (45º) impeller 

ring sparger; 2 x three-
bladed, 

pitched impeller 

Antifoam (% v/v) Antifoam C, 1%; added on demand 

Specific power input^, P/V (W/m3) 13.4 

Impeller (rpm) 230 123 

Tip speed (m/s) 0.75 0.92 

VVM range*  0.04 – 0.08 0.046 – 0.092 

^based on final culture volume. 
*based on max fill volume (lowest possible VVM) to initial culture volume (highest possible 
VVM). 
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2.2 Cell culture analytics 

 

2.2.1 Cell concentration and viability 

Cell concentration and viability were determined by using a Vi-cell™ XR Cell Viability 

Analyser (Beckman Coulter) which utilised the Trypan Blue exclusion method. Only 

viable cells had the intact membranes to prevent the blue dye from entering the cells. 

A minimum sample of 500 µL was used each time for analysis. 

 

2.2.2 Nutrients and metabolite analysis 

Nutrients and metabolites were analysed using the BioProfile FLEX Analyzer (Nova 

Biomedical) which measured pH, glutamine, glutamate, glucose, lactate, ammonium, 

and salts like sodium, potassium and calcium. Glucose and lactate were expressed in 

g/L while all other metabolites and salts were quantified in mM. A minimum sample of 

1 mL was used each time for analysis. The pH was measured using a hydrogen ion 

(H+) selective glass electrode. All other salt ions were determined using their 

corresponding ion selective electrodes. Ion selective electrodes worked by generating 

an electrical potential across the membrane between the sample and an internal 

standard solution. The electrical potential would be equivalent to the difference in 

concentration of both sides of the membrane. The principle of measurement for all the 

metabolites was the same. Enzymatic reaction between the specific substrate and its 

corresponding enzyme would produce hydrogen peroxide (H2O2). The subsequent 

redox reaction of the H2O2 at the platinum electrode would then generate a current 

proportional to the concentration of the substrate.  

 

2.2.3 Osmolality measurement 

Osmolality measurements were performed in an Osmomat 3000 (Gonotec) based on 

the principle of freezing point depression of aqueous samples. The higher the solute 

concentration, the lower the freezing point would be. Osmolality corresponded to the 

overall concentration of solutes in a given sample. 

 

2.2.4 Antibody quantification 

Quantification of the Mab was achieved through the use of a 1 mL HiTrap Protein G 

column (GE Healthcare) on an Agilent 1200 high performance liquid chromatography 
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(HPLC) machine (Agilent Technologies). Samples of 300 µL were loaded into each 

well of the 96-well plate (0.5 mL, Agilent Technologies) and covered with a plate cover 

(Silicone, Pre-Slit Well Cap, Thermo Fisher Scientific Incorporated). Column was 

equilibrated using 20 mM sodium phosphate, pH 7.0 at 1 mL/min for 4 minutes. 100 

µL of sample was then loaded onto the column using the same buffer at 2 mL/min. 

Elution was performed with 20 mM glycine, pH 2.8 at 2 mL/min for 7.5 minutes and 

the column was regenerated with 20 mM sodium phosphate, pH 7.0 at 2 mL/min for 

2.5 minutes. While an user-generated standards, of known concentration, could be 

made from purified Mab, there was concerns that batch to batch variation in the 

standard preparation process would be inconsistent throughout the entire PhD 

duration of 4 years. As such, a different approach was employed with the Beer-

Lambert equation (Equation 2.2).  Peak area from the elution peak is converted to Mab 

concentration by using its extinction coefficient (value = 1.43) and the various 

parameters taken from the operating conditions, including the path length of the flow 

cell in the HPLC. Subsequent analysis was performed in Microsoft Excel. 

 

 
𝑐 =

𝐴

𝜀0.1% × 𝑙
 Equation 2.2 

 

Where, 

𝑐 refers to the protein concentration (mgmL-1); 

𝐴 refers to the absorbance at 280 nm based on the HPLC chromatogram data 

(dimensionless); 

𝜀0.1% refers to the extinction coefficient expressed in 0.1% solution (mLmg-1cm-1); 

𝑙 refers to the path length of the flow cell in the HPLC (cm). 

 

2.2.5 Protein A purification 

 

2.2.5.1  Bench scale 

Culture samples from the bioreactor were collected as required and centrifuged at 

900xg for 10 minutes and filtered prior to purification. A 1 mL HiTrap MabSelect SuRe 

Protein A column (GE Healthcare) was used on an AKTA system (Purifier).  
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Equilibration was done with a buffer containing 20 mM sodium phosphate and 150 mM 

sodium chloride at pH 7.2 with 5 column volumes (CVs). Sample was loaded onto a 

10 mL sample loop prior to loading onto the column with the same buffer for 15 CVs. 

Washing was then performed for 5 CVs. Elution was done with 0.1 M sodium citrate 

at pH 3.5 for 10 CVs. A neutralising buffer of 1 M Tris-HCl at pH 9.0 was used for 

eluate fractions. Stripping of the column was done using 0.1 M sodium citrate with 1 

M sodium chloride at pH 3.5 for 10 CVs. Regeneration of the column was then 

performed using the 20 mM sodium phosphate/150 mM sodium chloride, pH 7.2 

buffer. A clean-in-place (CIP) step using 0.1 M sodium hydroxide with a contact time 

of 5 minutes was performed after every 3-4 cycles of column use. 

 

Collected fraction from flowthrough, elution and strip, along with the blanks (containing 

only the respective buffers) were kept in the fridge at 2-8°C for future analysis. 

 

2.2.5.2  Micro scale 

Micro-scale, high throughput chromatography was carried out on a Tecan Freedom 

Evo® 200 (Tecan) liquid handling station fitted with 1 mL dilutors and stainless steel 

fixed tips. The robotic station was equipped with an 8-channel liquid handling arm 

(LiHa) and a Robot Manipulator (RoMa) arm and was connected to an Infinite® Pro 

200 reader (Tecan). PreDictor™ RoboColumns® (GE Healthcare) pre-packed with 

600 µL of the MabSelect SuRe resin (GE Healthcare) were used, along with the Te-

Shuttle™ and Te-Chrom™ modules for RoboColumns deployment. Automated 

methodology and scripts were developed together with Spyridon Konstantinidis. That 

body of work could be found in this publication (Konstantinidis et al. 2018) and would 

be covered briefly in Chapter 6. The chromatography run at the bench scale using an 

AKTA system had been scaled down to the RoboColumn scale by keeping the 

residence time (RT) at each of the equilibration, load, wash, elution, strip and CIP 

constant. A RT of 5 minutes was applied during the load step while a RT of 1 minute 

was applied to all other steps. 
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2.2.6 Aggregation and fragment analysis 

 

2.2.6.1  Size-exclusion chromatography 

The aggregation level of Mab is measured based on the principle of size-exclusion 

chromatography (SEC). SEC was performed on an Agilent 1200 high performance 

liquid chromatography (HPLC) machine (Agilent Technologies). Samples of 10 µl were 

injected onto a ZORBAX GF-250 column (4.6 x 250 mm) (Agilent) at a flow rate of 0.5 

mL/min. The SEC separation was performed isocratically at ambient temperature 

using a mobile phase consisting of 250mM NaCl and 50mM sodium phosphate at pH 

6.8. Elution of protein was monitored using absorbance at 280 nm. Purified Mab was 

used to determine the elution time of the Mab monomer. A gel filtration calibration 

standard (Bio-Rad) was used as molecular weight markers between the range of 1,350 

and 670,000 daltons (Da). 

 

2.2.6.2  Gel electrophoresis 

For non-reduced SDS-PAGE analyses, each sample was mixed with NuPAGE LDS 

sample buffer (4x) (Life Technologies, Invitrogen) that contains 200 mM of N-

Ethylmaleimide (NEM). Samples were diluted with Milli-Q (MQ) water to give a final 

NuPAGE LDS sample buffer (1x) with 50mM NEM. For the reduced SDS-PAGE 

analyses, a final NuPAGE Sample Reducing Agent (1x) was achieved after the sample 

buffer and diluent addition steps. All non-reduced and reduced samples were heated 

for 5 minutes at 80°C and subsequently centrifuged at 5000 g for 1 minute at 10°C. 5 

µL of each treated sample was loaded onto a precast NuPAGE 4– 12% Bis-Tris gel, 

1.5mm wells (Invitrogen) with MES running buffer. Non-reduced and reduced samples 

were loaded onto separate gels. The molecular weight marker in each gel was 5 µL of 

the Mark12 Unstained Standard (Invitrogen, LC5677). The gel was run at 200 V for 45 

minutes. Finally, gels were stained with using InstantBlue Safe Coomassie Stain and 

imaged on an Amersham Imager 600. It was to be noted that while a commercially 

available denaturant, lithium dodecyl sulfate (LDS), was used instead of the sodium 

counterpart (SDS) there were no impacts with regards to sample preparation. At the 

same time, the abbreviation, SDS-PAGE, was used throughout the thesis to reflect the 

basis of the gel electrophoresis technique while in practice, the SDS was in fact LDS. 
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2.2.7 Charged variants analysis 

Charge variants analysis was performed with weak cationic exchange (WCX) 

chromatography using a ProPac WCX-10, 4.0 mm x 250 mm column on an Agilent 

1200 HPLC. Mobile phase A was 20mM MES buffer, 10 mM NaCl, pH 5.6. Mobile 

phase B was 20 mM MES, 240 mM NaCl, pH 5.6. A linear gradient from 0-38% B over 

76 min was employed. The flow rate was 0.5 mL/min with detection at 280 nm. 

 

The proportions of the charged variants were divided into 3 groups. The largest peak 

observed in the chromatogram was identified as the “main”. The peaks, that elute 

earlier and later than the main peak, were identified as the “acidic” (more negatively 

charged) and “basic” (more positively charged) respectively. The proportion of each of 

the “acidic”, “main” and “basic” variants was determined by taking their respectively 

area under the curve (AUC) over the overall AUC and expressed as a percentage. 

 

2.2.8 Host cell proteins 

HCP content in the samples were measured using a commercially available CHO HCP 

(broad reactivity) Alpha-LISA Detection Kit (Perkin Elmer, Cat# AL301C) and analysed 

on an Envision reader (Perkin Elmer) at excitation wavelength of 680 nm and emission 

wavelength of 615 nm. The “high sensitivity” protocol from the manufacturer was used. 

 

2.2.9 Free thiol 

The free thiol assay was performed using a Thiol Detection Assay Kit (Cayman, 

#700340). Briefly, the fluorometric detector reacted with free thiol groups and a 

fluorescent signal could be detected with an excitation wavelength of 390nm and an 

emission wavelength of 520 nm. Fluorescence was measured with an Infinite1 M200 

Pro plate reader (Tecan). A standard curve using cysteine was used to determine the 

concentration of free thiol in samples under native conditions. A separate standard 

curve was generated with a final concentration of 3.5 M guanidine hydrochloride 

(GuHCl) to determine the concentration of free thiol in samples that had been 

denatured using 3.5 M GuHCl. 
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2.3 Derived parameters 

 

2.3.1 Integral viable cell density 

The integral viable cell density (IVCD) or cumulative cell time is a measure of the total 

viable cell density in a given period of time of the culture. The IVCD is calculated using 

a simple trapezoidal rule; it is equivalent to the area under the curve when viable cell 

concentration is plotted against culture duration. 

 

 
𝐼𝑉𝐶𝐷𝑡2

= (
𝑥𝑡2

+ 𝑥𝑡1

2
) × (∆𝑡) 106 𝑐𝑒𝑙𝑙𝑠. ℎ𝑟. 𝑚𝐿−1 Equation 2.3 

 
𝐴 × 106 𝑐𝑒𝑙𝑙. ℎ𝑟. 𝑚𝐿−1 = (

𝐴 × 106 𝑐𝑒𝑙𝑙. ℎ𝑟

𝑚𝐿
) × (

𝑑𝑎𝑦

24 ℎ𝑟
) × (

103 𝑚𝐿

𝐿
) 

                                      = 𝐵 × 106𝑐𝑒𝑙𝑙. 𝑑𝑎𝑦. 𝐿−1 

Equation 2.4 

 

Where 𝑥 is the viable cell concentration (106 𝑐𝑒𝑙𝑙𝑚𝐿−1) and 𝑡 is the culture time (hours); 

𝑥𝑡2
 is the viable cell concentration at a time later than 𝑥𝑡1

. Conversion to other units 

like  𝑐𝑒𝑙𝑙. 𝑑𝑎𝑦. 𝐿−1 is possible by performing the appropriate calculations. A cumulative 

IVCD (cIVCD) for the entire culture can also be obtained by simply adding the IVCD 

at all time points under the curve using the following equation: 

 

 𝑐𝑢𝑚𝑢𝑙𝑎𝑡𝑖𝑣𝑒 𝐼𝑉𝐶𝐷 = 𝑐𝐼𝑉𝐶𝐷 =  ∑ 𝐼𝑉𝐶𝐷 Equation 2.5 

 

2.3.2 Specific glucose consumption 

The specific glucose consumption (qGluc) is a measure of the amount of glucose 

being utilised per cell per unit time. By plotting the cumulative glucose consumption 

(cGluc) against the cIVCD, the qGluc can be determined from the slope. This slope 

should always be positive as the cells only consume glucose and not produce it unless 

glucose-containing feed is added. The units for qGluc can be expressed in mass of 

glucose per cell per day (e.g. gcell-1day-1) or mole of glucose per cell per day (e.g. 

pmolcell-1day-1) with the appropriate conversion factor. 

 

 
𝑞𝐺𝑙𝑢𝑐 =

𝑐𝐺𝑙𝑢𝑐

𝑐𝐼𝑉𝐶𝐷
=

𝐶 𝑔𝐿−1

𝐷 × 106𝑐𝑒𝑙𝑙. 𝑑𝑎𝑦. 𝐿−1
= 𝐸 × 10−6𝑔. 𝑐𝑒𝑙𝑙−1𝑑𝑎𝑦−1 Equation 2.6 
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2.3.3 Specific lactate production 

The specific lactate production (qLac) is a measure of the amount of lactate being 

made per cell per unit time. By plotting the cumulative lactate production (cLac) against 

the cIVCD, the qLac can be determined from the slope. This can be either positive or 

negative with the former indicative of a production of lactate and the latter indicative 

of a consumption of lactate by the cells. The units for qLac can be expressed in mass 

of lactate per cell per day (e.g. gcell-1day-1) or mole of lactate per cell per day (e.g. 

pmolcell-1day-1) with the appropriate conversion factor. 

 

 
𝑞𝐿𝑎𝑐 =

𝑐𝐿𝑎𝑐

𝑐𝐼𝑉𝐶𝐷
=

𝐹 𝑔𝐿−1

𝐷 × 106𝑐𝑒𝑙𝑙. 𝑑𝑎𝑦. 𝐿−1
= 𝐺 × 10−6𝑔. 𝑐𝑒𝑙𝑙−1𝑑𝑎𝑦−1 Equation 2.7 

 

2.3.4 Specific glutamate consumption 

The specific glutamate consumption (qGlu) is a measure of the amount of glutamate 

being consumed per cell per unit time. By plotting the cumulative glutamate 

consumption (cGlu) against the cIVCD, the qGlu can be determined from the slope. 

This value should always be positive as cells only consume glutamate and not produce 

it unless glutamate-containing feed is added. The units for qGlu will be expressed in 

mole of Glu per cell per day (e.g. mmolcell-1day-1). 

 

 
𝑞𝐺𝑙𝑢 =

𝑐𝐺𝑙𝑢

𝑐𝐼𝑉𝐶𝐷
=

𝐻 𝑚𝑚𝑜𝑙𝐿−1

𝐷 × 106𝑐𝑒𝑙𝑙. 𝑑𝑎𝑦. 𝐿−1
= 𝐼 × 10−6𝑚𝑚𝑜𝑙. 𝑐𝑒𝑙𝑙−1𝑑𝑎𝑦−1 Equation 2.8 

 

2.3.5 Specific glutamine consumption 

The specific glutamine consumption (qGln) is a measure of the amount of glutamine 

being consumed per cell per unit time. By plotting the cumulative glutamine 

consumption (cGln) against the cIVCD, the qGln can be determined from the slope. 

This can be either positive or negative with the former indicative of a consumption of 

glutamine and the latter indicative of a production of glutamine by the cells. The units 

for qGln will be expressed in mole of Gln per cell per day (e.g. mmolcell-1day-1). 

 

 
𝑞𝐺𝑙𝑛 =

𝑐𝐺𝑙𝑛

𝑐𝐼𝑉𝐶𝐷
=

𝐽 𝑚𝑚𝑜𝑙𝐿−1

𝐷 × 106𝑐𝑒𝑙𝑙. 𝑑𝑎𝑦. 𝐿−1
= 𝐾 × 10−6𝑚𝑚𝑜𝑙. 𝑐𝑒𝑙𝑙−1𝑑𝑎𝑦−1 Equation 2.9 
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2.3.6 Specific ammonium production 

The specific ammonium production (qNH4+) is a measure of the amount of ammonium 

being made per cell per unit time. By plotting the cumulative NH4+ production (cNH4+) 

against the cIVCD, the qNH4+ can be determined from the slope. This can be either 

positive or negative with the former indicative of a production of NH4+ and the latter 

indicative of a consumption of NH4+ by the cells. The units for qNH4+ will be 

expressed in mole of NH4+ per cell per day (e.g. mmolcell-1day-1). 

 

 
𝑞𝑁𝐻4+ =

𝑐𝑁𝐻4 +

𝑐𝐼𝑉𝐶𝐷
=

𝐿 𝑚𝑚𝑜𝑙𝐿−1

𝐷 × 106𝑐𝑒𝑙𝑙. 𝑑𝑎𝑦. 𝐿−1
= 𝑀 × 10−6𝑚𝑚𝑜𝑙. 𝑐𝑒𝑙𝑙−1𝑑𝑎𝑦−1 Equation 2.10 

 

2.3.7 Specific productivity 

The specific productivity (qp) is a measure of the amount of Mab product being made 

per cell per unit time and is a good indication of the specific production rate of the 

product of interest in a culture. Specific productivity can be calculated by dividing the 

titre by cIVCD. The units for qp is typically expressed in picogram of product per cell 

per day (pg cell-1day-1). The qp can be determined at each time point or over specific 

periods of the culture. Unless otherwise mentioned, the qp mentioned henceforth will 

be describing the specific productivity at specific time points in the cultures. 

 

 
𝑞𝑝 =

𝑡𝑖𝑡𝑟𝑒

𝑐𝐼𝑉𝐶𝐷
=

𝑁 𝑔𝐿−1

𝐷 × 106𝑐𝑒𝑙𝑙. 𝑑𝑎𝑦. 𝐿−1
= 𝑃 × 10−6𝑔. 𝑐𝑒𝑙𝑙−1𝑑𝑎𝑦−1 Equation 2.11 
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2.4 Bioreactor scaleup parameters 

 

2.4.1 Specific power input 

The specific power input (P/V) is determined based on the following equation. In the 

context of the scaling up process, a maximum fill volume of the bioreactor is used to 

determine the lowest possible specific power input in the system. Conversely, if need 

be, the minimum working volume can be used to derive the highest possible specific 

power input in the system. 

  

 𝑃

𝑉
=

𝑁𝑝𝑁3𝑑5𝜌

𝑉
 Equation 2.12 

 

Where, 

𝑃 refers to the power input in watts (w); 

𝑉 refers to the fill volume of the bioreactor (m3); 

𝑁𝑝 refers to the impeller power number (dimensionless); 

𝑁 refers to the agitation speed in rotation per second (s-1); 

𝑑 refers to the impeller diameter in metres (m); 

𝜌 refers to the density of the liquid (kgm-3, assumed to be 1000). 

 

2.4.2 Tip speed 

Tip speed provides a sense of the maximum impeller shear rate and is a critical factor 

for shear-sensitive processes like mammalian cell cultures in stirred bioreactors. 

 

 𝜇𝑡𝑖𝑝 = 𝜋𝑁𝑑 Equation 2.13 

 

Where, 

𝜇𝑡𝑖𝑝 refers to the tip speed (ms-1); 

𝑁 refers to the agitation speed in rotation per second (s-1); 

𝑑 refers to the impeller diameter in metres (m). 
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2.4.3 Gas throughput 

The gas throughput or vessel volume per minute (VVM) is a measure of the volumetric 

gas flow rate per unit volume of the operating volume in the bioreactor. The bioreactor 

systems that have been employed in this thesis do not have a control strategy for 

delivering a constant VVM throughout a fed-batch culture where the operating volume 

of the bioreactor changes. The VVM can be determined at a minimum or maximum 

value depending on operating volume of the bioreactor (c.f. specific power input). 

 

 
𝑉𝑉𝑀 =

�̇�

𝑉
 Equation 2.14 

 

Where, 

�̇� refers to the volumetric gas flow rate (mLmin-1); 

𝑉 refers to the operating volume of the bioreactor (mL). 
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2.5 Off-gas analysis using mass spectrometry 

 

2.5.1 Experimental set-up of MS at 5 L and 50 L scale 

The configurations of the experimental set-up with respect to the use of the off-gas 

MS analyser are depicted in Figure 2.2 and Figure 2.3 for the 5 L and 50 L scale 

respectively. 

 

 

Figure 2.2: Schematic representation of the set-up of the off-gas MS analyser in the 5 L STR 

system. The inlet gas stream is split off from the gas stream entering the sparger of the 5 L bioreactor and sent to the 

analyser. Flow meters which are positioned close to the analyser are used to control the gas flow rate for each gas 

stream. Empty glass bottles are used to off-set the delay between the gas stream from the inlet and outlet of the 

bioreactor such that the signals from each stream on the analyser are synchronised.  

 

Figure 2.3: Schematic representation of the set-up of the off-gas MS analyser in the 50 L SUB 

system. The inlet gas stream is split off from the gas stream entering the sparger of the 50 L bioreactor and sent to the analyser. 

Flow meters which are positioned close to the analyser are used to control the gas flow rate for each gas stream. Empty glass 

bottles are used to off-set the delay between the gas stream from the inlet and outlet of the bioreactor such that the signals from 

each stream on the analyser are synchronised. 



Page 83 of 308 
 

2.5.2 Off-gas mass spectrometer 

Gas streams going in and out of the bioreactor are connected to a process mass 

spectrometer (MS), Prima BT Mass Spectrometer, for off-gas analysis (Thermo 

Scientific). It should be pointed out that not all bioreactor runs have the MS connected. 

A minimal gas flow rate of 100 cm3/min is diverted from bioreactor off-gases towards 

the MS for the analysis of gaseous components. This extra volumetric gas flow 

requirement has been taken into account for bioreactor runs which are connected to 

the MS. The mass spectrometry technique utilised in the Prima BT is the scanning 

magnetic sector where magnetic field within the analyser can be manipulated to 

influence the trajectory of the ionised gas components. Only a single detector is 

needed to quantify the entire gas sample of known or unknown components via the 

molecular mass down to the ppm concentration range. In the context of the bioreactor 

off-gas analysis, the following gaseous components are: oxygen, carbon dioxide, 

nitrogen and argon. Calibration is performed using cylinders with certified gas 

compositions. The MS comes with a laptop and software (GasWorks) that allows 

interface with the off-gas analysis. Analysis for each gas stream (inlet and outlet of the 

bioreactor) takes approximately 10 seconds for the abovementioned 4 gas 

components. Staggering of the analysis of multiple streams is achieved with a rapid 

multi-stream sampler on the MS. The analytical specification of the MS with respect to 

the 4 gas components of interest is described in Table 2.4. 

 

Table 2.4: Summary of analytical specification of the Prima BT MS for selected gas components. 

Gas component 
Concentration range in 

sample gas stream (% mol) 
Precision of measurement  

(standard deviation) 

Oxygen 0-100 ≤ 0.005 % mol 

Carbon dioxide 0-100 ≤ 0.0003 % mol 

Nitrogen 0-100 ≤ 0.005 % mol 

Argon 0-100 ≤ 0.001 % mol 
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2.5.3 Oxygen uptake rate 

Oxygen uptake rate (OUR) is defined as the total amount of oxygen consumed per 

unit volume per unit time which is typically expressed in µmol/L/hr. The OUR is 

determined from the data from the MS with the following equation: 

  

 
𝑂𝑈𝑅 = (

𝐹𝑏𝑖𝑜𝑟𝑒𝑎𝑐𝑡𝑜𝑟,𝑖𝑛

𝐹𝑀𝑆,𝑖𝑛
) (𝐹𝑀𝑆,𝑖𝑛) (

𝑂𝑥𝐶

100
) (

1

𝑉
) (

1 𝑚𝑜𝑙

22414 𝑚𝐿
) (

106 𝜇𝑚𝑜𝑙

1 𝑚𝑜𝑙
) Equation 2.15 

 

Where, 

𝐹𝑏𝑖𝑜𝑟𝑒𝑎𝑐𝑡𝑜𝑟,𝑖𝑛 refers to the gas flow rate into the bioreactor in mLmin-1; 

𝐹𝑀𝑆,𝑖𝑛 refers to the gas flow rate into the MS analyser in mLmin-1; 

𝑂𝑥𝐶 refers to the difference in oxygen concentration (% mole) between the inlet and 

outlet gas streams and is provided by the GasWorks software of the MS (this value 

has been corrected for the relative difference in the gas flow rates by using argon 

concentration which is assumed to be inert); 

𝑉 refers to the operating volume of the bioreactor (L); 

conversion factors were used as the of the equation to obtain mole equivalent of the 

volume of gas. 

 

2.5.4 Specific oxygen consumption rate 

The specific oxygen consumption rate (qO2) is the amount of oxygen consumed per 

cell per unit time. This is typically expressed in pmol/cell/day. qO2 is determined from 

the data from the MS based on the following equation: 

 

 
𝑞𝑂2 =

𝑂𝑈𝑅

𝑉𝐶𝐶
 Equation 2.16 

 

It should be noted that appropriate conversion factors should be used to obtain qO2 in 

the desired dimensions. 
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2.5.5 Oxygen mass transfer 

The oxygen mass transfer (kLa) is the measure of the efficiency of the transfer of 

oxygen from the gas phase to the liquid phase. The kLa is typically expressed in 1/hr. 

This is determined from the data from the MS based on the following equation: 

 

 
𝑘𝐿𝑎 =

𝑂𝑈𝑅

𝐷𝑂2
∗ − 𝐷𝑂2

 Equation 2.17 

 

Where, 

𝐷𝑂2
∗ refers to the oxygen concentration in the inlet gas stream in µmolL-1; 

𝐷𝑂2 refers to the oxygen concentration measured in the culture in µmolL-1. 

 

2.5.6 Carbon dioxide evolution rate 

The carbon dioxide evolution rate (CER) is the total amount of carbon dioxide 

produced per unit volume per unit time which is typically expressed in µmol/L/hr. The 

CER is determined from the data from the MS. 

 

 
𝐶𝐸𝑅 = (

𝐹𝑏𝑖𝑜𝑟𝑒𝑎𝑐𝑡𝑜𝑟,𝑖𝑛

𝐹𝑀𝑆,𝑖𝑛
) (𝐹𝑀𝑆,𝑖𝑛) (

𝐶𝐷𝐶

100
) (

1

𝑉
) Equation 2.18 

 

Where, 

𝐶𝐷𝐶 refers to the difference in carbon dioxide concentration (% mole) between the 

inlet and outlet gas streams and is provided by the GasWorks software of the MS (this 

value has been corrected for the relative difference in the gas flow rates by using argon 

concentration which is assumed to be inert). 

 

2.5.7 Specific carbon dioxide evolution rate 

The specific carbon dioxide evolution rate (qCO2) is the amount of CO2 produced per 

cell per unit time. This is typically expressed in pmol/cell/day. The qCO2 is determined 

from the data from the MS based on the following equation: 

 

 
𝑞𝐶𝑂2 =

𝐶𝐸𝑅

𝑉𝐶𝐶
 Equation 2.19 
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It should be noted that appropriate conversion factors should be used to obtain qO2 in 

the desired dimensions. 

 

2.5.8 Respiration quotient 

The respiration quotient (RQ) is a dimensionless number that represents the ratio of 

carbon dioxide evolved to the oxygen consumed by the cells. It can be expressed as 

a ratio of CDC to OxC or CER to OUR. In theory, the complete oxidation of a glucose 

molecule, the predominant carbon source in cell culture media, results in the formation 

of carbon dioxide and water molecules with a RQ value of 1. RQ values can change 

depending on the molecules being completely oxidised. 

 

 
𝑅𝑄 =

𝐶𝐷𝐶

𝑂𝑥𝐶
=

𝐶𝐸𝑅

𝑂𝑈𝑅
 Equation 2.20 

 

 𝐶6𝐻12𝑂6  +  6 𝑂2  →  6 𝐶𝑂2  +  6 𝐻2𝑂 

𝑅𝑄 =
6 𝑚𝑜𝑙𝑒𝑠 𝑜𝑓 𝐶𝑂2

6 𝑚𝑜𝑙𝑒𝑠 𝑜𝑓 𝑂2
= 1 

Equation 2.21 
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2.6 Downstream bioprocessing at the pilot scale 

Upon harvesting from the 50 L SUB, the material was subsequently processed at the 

various downstream unit operations at the pilot scale. The overall process flowchart 

could be seen in Figure 2.4. It should be noted that at the cationic exchange 

chromatography (CEX) step, bulk of the material was processed with a conventional 

batch chromatography while part of the material was processed on a simulated moving 

bed (SMB) chromatography. The SMB work was part of a study by a fellow researcher 

and would not be discussed within this thesis as the knowledge of its operation was 

beyond the scope of this thesis.  

 

The operation conditions for the chromatography steps had been scaled up from the 

small-scale platform DSP built upon the thesis work of Tarrant (2014) where a 3-steps 

process had been used; the work herein used AEX resin chromatography instead of 

the AEX membrane chromatography in the Protein A-CEX-AEX sequence. Operating 

conditions for the SMB was determined by the fellow researcher who worked with the 

SMB. The ultrafiltration/diafiltration step was operated with the intention of retaining 

the Mab and as such, a 30 kDa size cut-off was utilised and the final exchange buffer 

was recommended by the colleague working on the freeze-drying project.   
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Figure 2.4: Overall process flowchart. 

 

2.6.1 Clarification by disk stack centrifugation and/or depth 

filtration 

Clarification of the cell culture fluid (CCF) was carried out using a 2-step depth filtration 

method. This process would be known as Clarification-1. 15 L of CCF was processed 

using a Sartoclear MaxiCaps DL60, with a filter area of 400 cm2 and pore size range 

of 8-0.8 µm, and then with a Sartoclear MaxiCaps DL10, with a filter area of 400 cm2 

and a pore size range of 0.8-0.1 µm. In both steps the filters were operated at constant 

initial flux at 300 litres/m2/hr (LMH), verified gravimetrically. Inlet pressure was 

monitored using a Pendotec pressure sensor (PRESS-N-038 and PMAT-2P) in-line 

with the culture stream. When the pressure reached 1.5 bar, the LMH was lowered in 

decrements of 50 LMH in order to maintain pressure till either solids breakthrough was 
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predicted (by volume of culture processed) or flux reached 100 LMH. Turbidity was 

measured using a Hach 2100Q Portable Turbidimeter. A separate clarification was 

achieved in a Pathfinder Centrifuge (GEA Westfalia, Oelde, Germany) fitted with a 

PSC-1 bowl, followed by a depth filtration. This entire process would be known as 

Clarification-2. The centrifuge was operated at a rotor speed of 13500 RPM, with 15 L 

being run through the centrifuge at a flow rate of 50 L/h and 15 L at 90 L/h. Samples 

of supernatant were taken for turbidity analysis. Subsequently the supernatant from 

both centrifugation runs was pooled and processed with a Sartoclear MaxiCaps DL10 

depth filter. Ultimately, the filtrate from both Clarification-1 & Clarification-2 was pooled 

before being processed with a Sartoclear MaxiCaps DL10 to reach a satisfactory 

turbidity level before loading onto the Protein A column. 

 

2.6.2 Pilot scale chromatography 

All pilot scale chromatography runs were performed on an AKTA Pilot using Unicorn 

software version 5.31 (GE Healthcare). The MabSelect SuRe, SP Sepharose FF and 

Q Sepharose FF resins were all packed into a BPG 100/500 column for their respective 

chromatography run. In-line pH and conductivity meter were utilised to monitor the 

chromatography runs. Absorbance at 280 nm was monitored. 

 

2.6.2.1  Capture by affinity chromatography 

MabSelect SuRe Protein A resin was packed into the BPG 100/500 column at a linear 

velocity of 260 cm/h to a bed height of 6.9 cm. An operating linear velocity of 153 cm/h 

was used for all steps during the Protein A chromatography. The column was 

equilibrated with 3 column volumes (CVs) of 20 mM sodium phosphate/150 mM 

sodium chloride, pH 7.2, loaded with clarified cell culture fluid (CCCF), washed with 5 

CVs 20 mM sodium phosphate/150 mM sodium chloride, pH 7.2 and eluted with 10 

CVs of 100 mM sodium citrate, pH 3.5. The column was stripped with 100 mM sodium 

citrate/1 M sodium chloride, pH 3.5 and subsequently sanitised with 0.1 M sodium 

hydroxide, before being regenerated with the equilibration buffer. Two cycles of 

Protein A chromatography were performed. 24 L and 11L of CCCF was processed in 

the first and second cycle respectively. The eluate from each cycle was pH-adjusted 

to pH 7.0 using 1 M tris hydrochloride at pH 9.0. The pH-adjusted eluate from both 
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Protein A cycles was then pooled. The pooled, pH-adjusted Protein A eluate was 

buffer exchanged into the CEX equilibration buffer conditions. 

 

2.6.2.2  Polishing by cationic exchange chromatography 

Cationic exchange chromatography (CEX) chromatography was performed in bind 

and elute mode. CEX-Batch chromatography was carried out in the BPG 100/500 

column. SP Sepharose FF resin was packed at a linear velocity of 260 cm/h to a bed 

height of 9.6 cm. An operating linear velocity of 230 cm/h was used for all steps during 

the CEX chromatography apart from the loading step where a linear velocity of 105 

cm/h was used instead. The column was equilibrated with 3 CVs of 20 mM sodium 

acetate/20 mM sodium chloride, pH 5.2, loaded with the diafiltered Protein A eluate, 

washed with 4 CVs of 20 mM sodium acetate/20 mM sodium chloride, pH 5.2 and 

eluted with a 0 - 40 %B linear gradient over 20 CVs with 20 mM sodium acetate/1 M 

sodium chloride, pH 5.2. The column was stripped with 20 mM sodium acetate/1 M 

sodium chloride, pH 5.2 and subsequently sanitised with 1 M sodium hydroxide, before 

being regenerated with the equilibration buffer. Eluate fractions were collected; 

fractions were pooled separately to obtain the main peak and shoulder peak which 

were identified as “CEX-Batch-Main” and “CEX-Batch-Shoulder” respectively. The 

eluates from CEX-Batch-Main and CEX-Batch-Shoulder were separately buffer 

exchanged into the AEX equilibration buffer conditions. 

 

2.6.2.3  Polishing by anionic exchange chromatography 

Anionic exchange chromatography (AEX) chromatography was performed in flow-

through mode. Q Sepharose FF resin was packed at a linear velocity of 267 cm/h to a 

bed height of 9.3 cm. An operating linear velocity of 101 cm/h was used. The column 

was equilibrated with 20 mM sodium phosphate/20 mM sodium chloride, pH 6.5, 

loaded with the diafiltered CEX eluate and then washed with 20 mM sodium 

phosphate/20 mM sodium chloride, pH 6.5.  

 

2.6.3 Ultrafiltration/Diafiltration 

Between each chromatography step, ultrafiltration/diafiltration (UF/DF) was 

performed. All UF/DF steps were performed using crossflow filtration (CFF) with a 30 

kDa, 0.14 m2, Sartocon® Slice ECO Hydrosart® Cassette (Sartorius) on a 
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SARTOFLOW® Advanced (Sartorius) at a TMP of 1 bar. A constant volume 

diafiltration was performed for 10 diavolumes (DVs) or until the desired conductivity of 

the diafiltered sample was achieved, whichever came first.  

 

After the AEX chromatography, the two different Mab sample pools were each buffer 

exchanged into a 20 mM citrate buffer, pH 6.0 with 70 g/L of sucrose. They were kept 

frozen at -80°C and used for further freeze-drying experiments by another researcher 

(beyond the scope of this thesis). 
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3 Cell culture characterisation in shake flask 

 

3.1 Introduction and chapter objectives 

Literature review in Chapter 1 has indicated that the use of culture additives to promote 

productivity has predominantly been investigated in non-GS CHO cells. As part of the 

larger aim of the thesis, growth and metabolite characterisations are evaluated for the 

GS-CHO cell line used for all cell culture work in this thesis. Four groups of additives 

are used which are namely small molecule enhancer, trace element, growth factor and 

polyamine (Section 1.2.2); the corresponding specific additives are sodium butyrate, 

copper, Long-R3 (insulin-like growth factor, IGF) and spermine. These have been 

selected arbitrarily out of the groups and based on their ability to improve growth 

and/or productivity. Optimisation is carried out in this chapter to evaluate the effects of 

these additives, particularly with the product quality as have been noted in the 

literature review. Analytical techniques to help with the evaluation of the effects also 

need to be optimised because the use of these additives have not been tested before 

in the existing cell culture protocol with respect to the CY01 cell line. 

 

Summary of chapter objectives: 

• Optimise the analytical techniques for cell counting in the presence of spermine 

and gel electrophoresis of antibody sample. 

• Characterise the effects of various cell culture parameters (seeding density, cell 

age, biphasic temperature shift) on culture growth and productivity in shake 

flasks using a GS-CHO cell line. 

• Optimise feeding strategy to be used in fed-batch cultures in shake flasks. 

• Evaluate the use of various additives (sodium butyrate, copper, Long-R3 and 

spermine), individually and in combinations, to promote culture growth and 

productivity in fed-batch shake flasks using a GS-CHO cell line. 

• Determine the product quality (charged variants) of the antibody produced in 

the presence of the additives. 
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3.2 Results and discussion 

 

3.2.1 Optimisation of analytics 

In the process of analysing any sample, one would inevitably need to prepare the 

sample in one way or another. Depending on the analytical assays to be applied, 

varying degrees of preparation would be required. Interactions between the 

preparation techniques and the target of interest to be investigated could result in 

unintended outcomes that, more often than not, obscure the real outcomes. Simply 

put, an assay artefact is any observed misrepresentation of a result directly caused by 

the assay itself. 

 

Often, it is difficult to parse out the false data from a data set unless an orthogonal 

assay can prove otherwise or that there is an outcome that clearly should not have 

been observed during the assay. However, a conscious effort should always be made 

to question the validity of the data obtained from any assays. In the following sections 

(3.2.1.1 & 3.2.1.2), two such instances have been observed. Solutions have been 

subsequently formulated to effectively circumvent the problems without compromise 

to the data integrity. 

 

3.2.1.1  Assay artefacts during cell counting in the presence of 

spermine 

Cell counting was a critical analytical tool for a cell culture experiment. As stated in the 

methods section 2.2.1, Trypan Blue dye exclusion method, using a Vi-Cell, was utilised 

for all cell counting steps for all experiments. Viable cells would appear un-stained 

whereas non-viable cells would be stained blue.  

 

One of the experiments included the use of the polyamine, spermine, to investigate 

the impact it had on the cell culture. When separate cell cultures spiked with different 

concentrations of spermine were sampled as part of a routine daily cell counting, the 

Vi-Cell showed images with uncanny dark specks as opposed to a control where there 

was no spermine added (Figure 3.1). As the cell culture samples were from the early 

days of the culture with expected high viability according to historical data, it was ruled 

out that the abnormal dark specks were indicative of non-viable cells. 
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Spermine at 0 µM, control 

 

Spermine at 25 µM 

 

Spermine at 50 µM 

 

Spermine at 100 µM 

 

Spermine at 200 µM 

 

Legend 

1. The white circles against the grey 

background are viable cells. 

2. The darker grey or black specks 

against the grey background are 

the artefacts (precipitates). 

Figure 3.1: Vi-Cell images of samples from cell cultures with different spermine concentration. 

 

 

 

 

 

 

 



Page 95 of 308 
 

Subsequent testing was performed to rule out the interaction of the cells and media 

by preparing different concentration of spermine in sterile basal media and sterile 

phosphate buffered saline (PBS) solution (Figure 3.2). Samples from the media group 

and the PBS group were taken and measured on the Vi-Cell. Image analysis showed 

that the uncanny dark specks increase in number proportionally to the concentration 

of the spermine present in both the media and PBS samples. Interestingly, the 

morphology of the precipitate in the media and PBS samples was distinctly different 

when looking at 200 µM spermine Vi-Cell images with the precipitates being larger 

and coarser for the former. This would suggest that there were other components in 

the media, not found in the PBS, that caused such a difference. At very high spermine 

concentration (> 100 µM), the interference from the precipitate formation on the image 

analysis was very severe. Modification of the image analysis parameters for the Vi-

Cell was unable to exclude the artefacts from the analysis effectively.  

 

The extent of precipitate formation in each sample was quantified by putting samples 

into a 96-well plate and absorbance at 800 nm was measured. Besides Trypan Blue, 

another cell staining dye, Erythrosin B, was used to test for precipitate formation in a 

1:1 ratio between samples spiked with spermine and each of the dyes. Erythrosin B 

(0.1% in PBS) was tested to determine if an alternative to Trypan Blue could be used 

to circumvent the assay artefact when Trypan Blue was used. It was shown that 

regardless of the dye used, precipitate formation was always induced in the presence 

of spermine (Figure 3.3 & Figure 3.4). The sample-dye mixture was also applied onto 

a haemacytometer slide on a CytoSMART EXACT device which allowed direct image 

capture from the slide. Interestingly, the structure of the precipitate formed in the 

presence of spermine in each dye was different (Figure 3.5). The specks found in the 

Erythrosin B sample were much finer and less clumpy than the ones found in the 

Trypan Blue sample. 

 

Given that both dyes produced artefacts in the presence of spermine of at least 50 µM 

in a sample, it was decided that a more practical way (without resorting to manual 

counting) to circumvent this issue was to simply pre-dilute the sample prior to 

measurement on the Vi-Cell. A dilution of sample containing spermine to less than 50 

µM just before the point of Vi-Cell measurement was able to prevent artefacts from 

interfering with the image analysis. The mechanism by which the precipitate formation 
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occurs was beyond the scope of this thesis but it was thought to be due to the 

interaction between the anionic nature of both the Trypan blue (azo dye) & Erythrosin 

B (xanthene dye) and the highly cationic spermine. It had been reported that 

polyamines like spermine could be used to induced aggregations in DNA because of 

their opposing charge (Pelta et al. 1996). A recent paper review also discussed how 

wastewater treatment could be achieved using flocculants of which cationic polymers 

were one of them and were routinely used to remove dyes from contaminated 

wastewaters (Lee et al. 2014). 
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Spermine 

concentration (µM) 
Media PBS 

0 

  

25 

  

50 

  

100 

  

200 

  

Figure 3.2: Vi-Cell images of samples from media and PBS solutions, in the absence of cells, 
with different spermine concentration. 
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Figure 3.3: Effect of spermine concentration on precipitate formation, measured as a function 
of absorbance at 800 nm, with Trypan Blue dye. 

 

 

 

Figure 3.4: Effect of spermine concentration on precipitate formation, measured as a function 
of absorbance at 800 nm, with Erythrosin dye. 
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Media only (control) 

 

Media with 200 µM spermine 

+ Trypan Blue 

 

Media with 200 µM spermine 

+ Erythrosin B 

 

Figure 3.5: Images of precipitate formation in media spiked with spermine and different dyes. 
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3.2.1.2  Assay artefacts during gel electrophoresis of antibody 

sample 

SDS-PAGE is a commonly use technique to elucidate the relative purity and MW of 

the antibody species in a sample. A non-reducing analysis gives an insight into the 

MW of the present species in their non-reduced form. SDS-PAGE operated under 

reducing conditions will, in theory, reveal only the light chain (LC) and heavy chain 

(HC) components of the antibody as the inter- and intra- disulfide bonds are broken 

by the reducing agent. Be it non-reducing or reducing, SDS-PAGE is always 

performed with the samples denatured to facilitate the linearisation of the polypeptide 

chains in the protein. 

 

The non-reducing SDS-PAGE has been given a particular focus in this thesis as a 

non-reducing analysis can provide more insights than just the 2 bands (LC & HC) 

expected in a Mab sample under reducing conditions. Particularly, it is expected that 

a major species component in a non-reducing SDS-PAGE will be the intact Mab 

monomer with other product related impurities like Mab aggregates and fragments to 

be observed if any are present. All of this information will have been lost in a reducing 

condition as all species will have been broken down to their constituent subunits - LC 

and HC.  

 

Non-purified cell culture and Protein A-purified samples were loaded onto the gel and 

a non-reducing SDS-PAGE was performed, as per the method described in Section 

2.2.6.2. Surprisingly, for the Protein A-purified samples, fragments were observed as 

multiple bands below the intact monomer band of ~150 kDa (Figure 3.6Error! 

Reference source not found.). The fact that there were at least 4 distinct bands 

observed in a gel for the Protein A-purified samples when there should have only been 

1 band corresponding to the intact monomer warranted further investigation. A 

separate and orthogonal method was applied to the Protein A-purified sample using 

analytical SEC. Unsurprisingly, there was only 1 peak, instead of 4, observed in the 

SEC chromatogram as shown in Figure 3.7. Given that SEC was only applicable for 

analysing relatively pure samples and not crude, non-purified samples, there was a 

need to understand the origin of the artefact in the non-reducing SDS-PAGE and how 

to mitigate it. 
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Understandably, during a SEC run, the Mab sample was in its native state. However, 

in the SDS-PAGE, due to its nature, the sample had to be denatured. This denaturation 

process was culpable for the fragmentation observed on the gels but not in the SEC. 

The fragmentation phenomenon that resulted in fragments like the half-mer (~75 kDa), 

heavy chain (HC) and light chain (LC) had been reported previously in various IgG 

molecules too (Taylor et al. 2006, Liu et al. 2007, Zhu et al. 2013). Use of alkylating 

agents like NEM had been recommended as part of a routine SDS-PAGE protocol. 

The fragmentation was thought to have been due to disulfide bond scrambling during 

the denaturation of the Mab when free sulfhydryl functional groups were exposed and 

able to react with other disulfide bonds (Zhang and Czupryn 2002, Liu et al. 2007). 

NEM was able to react with any free sulfhydryl functional group and prevent further 

reactions.  

 

Before the optimal SDS-PAGE method was determined as described in Section 

2.2.6.2, various NEM concentrations and heating conditions were tested with the 

Protein A-purified samples. These non-optimised gels utilised BenchMark (Invitrogen, 

10747-012) as the molecular weight ladder. The identification of the four predominant 

bands on the gels was based on the knowledge that the samples came from a post-

Protein A step. This meant that only intact Mab (2HC-2LC) and fragments with the HC 

(HC-LC), if any, could be bound to the Protein A resin and subsequently eluted. This 

also led to the inference that the band at ~50 kDa, as indicated in Figure 3.8 & Figure 

3.9, was a HC species instead of a LC-dimer (2LC) species because both LC and 2LC 

would not have been found in the Protein A-purified sample; the HC and LC bands 

were a result of the harsh denaturing step, i.e. the heating step of the SDS-PAGE. 

While further verification of the bands’ identities was not carried out with Western blot 

or mass spectrometry for this work, the identities of the bands were consistent with 

previous observations where none had identified 2LC as a possible fragment (Taylor 

et al. 2006, Liu et al. 2007, Zhu et al. 2013). It was shown that extended heating period, 

≥ 5 minutes, in the absence of NEM promoted fragmentation of the Mab (Figure 3.8). 

In the presence of NEM and regardless of heating, fragmentation of the intact 

monomer into the HC and LC were lowered (Figure 3.9). Use of NEM in the absence 

of heating during the sample preparation produced the least fragmentation into HC 

and LC. However, in all tested conditions, half-mer formation could not be prevented. 
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This ran counter to what was observed by Zhu et al. (2013) who saw less half-mer 

from their SDS-PAGE in the presence of NEM. 

 

While the mechanism to which half-mers formed persistently during non-reducing 

SDS-PAGE of an intact Mab monomer was not determined, it was concluded that the 

half-mer artefact along with the fragments (HC & LC) were a direct result of the 

denaturing and processing conditions of the SDS-PAGE. This was corroborated by 

the SEC analysis. While fragmentation into HC and LC could be suppressed via a 

combination of NEM application (100 mM) and no sample heating, the half-mer 

formation was unavoidable with the current technique as it was. As such, an 

orthogonal method like SEC was used in conjunction with the SDS-PAGE, provided 

the samples were pure enough. 
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Figure 3.6:  Image of non-reduced and reduced SDS-PAGE gels with non-purified samples and 
Protein A-purified samples. 

 

 

Figure 3.7: Chromatogram of a Protein A-purified Mab sample on an analytical size-exclusion 
chromatography showing a single (monomer) peak profile. 
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Figure 3.8: Effect of different heating duration and NEM concentration during sample 
preparation on the extent of fragmentation in Protein A-purified Mab samples in non-reduced 
SDS-PAGE. 

 

 

Figure 3.9: Effect of different heating duration, temperature of heating and presence of NEM 
during sample preparation on the extent of fragmentation in Protein A-purified Mab samples in 
non-reduced SDS-PAGE. 
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3.2.2 Biological variability of the experiments 

While suitable control experiments can be compiled together to determine the 

biological variation, it is deemed that this approach is not appropriate. Throughout the 

several years in which the data sets for the shake flasks experiments have been 

collected from, there has been changes and constraints in some of the equipment 

utilised, e.g. working volume of shake flask, shaker platform and incubator type due to 

maintenance and logistical issues. Comparative studies to determine impacts, if any, 

have not been carried out due to the lack of time and resources. Without repeating all 

experiments with the appropriate biological replicates, it is decided that the best path 

forward is to carry out at least one control experiment in each set of experiments to be 

performed; the control in each experiment set will then be used as the reference to 

which the other test conditions only within the same experiment set will be compared 

with. However, the control condition in each set of experiment is not identical across 

all sets of experiments carried out throughout the thesis. It is understood that while 

biological variations within the same experiment set cannot be determined due to only 

a single replicate being present, it is the overall trend captured by the test conditions 

versus the control condition in the same experiment set that will be more critical. In 

scenarios where data is to be compared between sets of experiments, only the relative 

changes will be used. 
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3.3 Characterisation of cell culture in shake flask  

 

3.3.1 Effect of seeding density 

 

3.3.1.1  Batch mode 

The seeding density of a cell culture was one critical parameter that could be easily 

manipulated. Manufacturers had utilised high seeding density to cut short the seed 

inoculum train and reduce lag phase (Padawer et al. 2013, Seth et al. 2013, Yang et 

al. 2014). It was of interest to know how the cell culture with the GS-CHO cell line 

would behave and the associated implications should the seeding density differed. 

Five shake flasks were inoculated at the different seeding density of 0.1, 0.2, 0.5, 1.0 

and 1.5 x 106 cells/mL. Each batch culture had a working volume of 100 mL in a 250 

mL flask that was placed on an orbital shaker in a 5% CO2, humidified incubator at 37 

°C. Cultures were allowed to continue till near 0% viability to have a complete picture. 

 

The growth profile of each of the flask was very similar with the peak viable cell 

concentration (VCC) at approximately 6 x 106 cells/mL (Error! Reference source not 

found.Figure 3.10A). The only difference observed was that the growth profile for each 

flask was staggered to reach the peak VCC – the flask with the lowest seeding density 

had the longest lag phase and vice versa. Unsurprisingly, because there was a higher 

initial seeding density, the rate of nutrient consumption also accelerated. This led to 

the observed phenomenon that the higher the cell density, the quicker that cell culture 

will grow and subsequently die. For instance, the flask seeded at 0.1 x 106 cells/mL 

took 13 days to reach a viability of near 0% while a flask seeded at 1.5 x 106 cells/mL 

took only 10 days.  

 

More interestingly, the metabolism profiles for all the flasks were remarkably similar 

except for the staggering effect, that was also observed in the growth profile. 

Particularly, the lactate metabolism shift from production to consumption appeared to 

always happen at ~1.6 g/L of lactate (Error! Reference source not found.Figure 

3.10E). The only difference was the rate at which the peak lactate concentration was 

reached; the flask with the highest seeding density reached the peak first and vice 

versa. On the consumption of glucose and glutamate, the flask with the highest 
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seeding density had the fastest rate and vice versa. It was understandable that due to 

the cultures being operated in a batch mode, the cells would die off once they had 

utilised all of the limited nutrients that were available in the media.  

 

It was noted that at the end of the culture when the Mab titre was quantified for each 

flask, all of them had similar titre at ~0.38g/L (Error! Reference source not 

found.Figure 3.10G). This did not come as a surprise because the cIVCD was almost 

identical for all flasks where cIVCD could be correlated to the final production titre. 

While only the end-point titre data was available here, it was thought that the titre trend 

for each condition would mimic that of cIVCD. 
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Figure 3.10: Off-line data of shake flask batch cultures grown at seeding density of 0.1, 0.2, 0.5, 
1.0 and 1.5 x 106 cellsmL-1. A: VCC and viability, B: cIVCD, C: pH, D: glucose concentration, E: lactate 
concentration, F: glutamate concentration and G: titre on day of harvest. 

3.3.1.2  Fed-batch mode 

A similar experiment was subsequently performed in fed-batch mode to determine if 

the observations noted in the batch mode held true for fed-batch mode. Four shake 

flasks were inoculated at the different seeding density of 0.2, 0.5, 1.0 and 1.5 x 106 

cells/mL. Each fed-batch culture had a working volume of 200 mL in a 1000 mL flask 

that was placed on an orbital shaker in a 5% CO2, humidified incubator at 37 °C. The 

feeding strategy, FS-SF1, was employed (2.1.5.1). Culture supernatant samples 

before and after feeding were taken for metabolite analysis. Cultures were only 

stopped when a low viability of < 50% was reached.  
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The growth profiles for the flasks seeded at 0.5, 1.0 and 1.5 x 106 cells/mL were very 

similar with the peak VCC of ~6 x 106 cells/mL (Error! Reference source not 

found.Figure 3.11A). However, for the flask seeded at 0.2 x 106 cells/mL, the peak 

VCC achieved was ~10 x 106 cells/mL. It was thought that the lower pH in the cell 

cultures with higher seeding density than 0.2 x 106 cells/mL was responsible for the 

lower growth observed. The staggering effect that was observed in the batch cultures 

was in fact also observed in the fed-batch cultures. Specifically, the higher the seeding 

density, the faster the cell culture achieved the peak VCC (regardless of the absolute 

value of the VCC) and vice versa.  

 

As with the batch culture, the metabolic profiles of the fed-batch cultures were 

unsurprisingly similar, together with the staggering effect observed in the growth 

profiles. The initial glucose concentration of each flask was inversely proportional to 

its seeding density. This was due to the fact that the seed inoculation step was 

performed as a dilution step of the inoculum into fresh medium. This also meant that 

for a flask with a higher seeding density, the inoculum is less diluted aby the fresh 

medium. Therefore, more residual media components from the inoculum ended up in 

the final inoculated flask. This was exemplified by the relatively high lactate 

concentration of 1 g/L already in the flask inoculated at 1.5 x 106 cells/mL (Error! 

Reference source not found.Figure 3.11E). Despite so, there was no negative 

impact observed at this condition. More interestingly, regardless of the initial lactate 

concentration, all the fed-batch cultures reached a similar peak lactate concentration 

at ~1.6 g/L before exhibiting a metabolism shift from lactate production to lactate 

consumption. This phenomenon was exactly the same as observed in the batch 

cultures. It was thought that the consistent shift in lactate metabolism was due to the 

pH change in the cell culture brought about by the increase in lactic acid secreted into 

the media; media pH changed because of a lack of pH control in shake flasks. Other 

key metabolites that were also quantified during the fed-batch culture were glutamate, 

glutamine and ammonium. For each of them, the profiles across the different seeding 

density were very similar. Glutamate was consumed at a higher rate than the daily 

feed could replenish until around Day 10 of the culture (Error! Reference source not 

found.F). After that, the extracellular glutamate concentration reached a pseudo-

stable level without ever being completely depleted. Glutamine was not expected to 
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be detected as neither the basal media nor feed media contained glutamine (Error! 

Reference source not found.Figure 3.11G). The glutamine detected over a period of 

4-5 days in the mid-exponential phase of all the culture had to have originated from 

the GS-CHO cells. Culture with the highest seeding density was the one that produced 

the glutamine first and also depleted it the quickest; the staggering effect in relation to 

the seeding density was observed here too. Ammonium was produced throughout the 

cultures with an inflection point at about 4 mM (Error! Reference source not 

found.Figure 3.11H). For cultures with seeding density less than 1.5 x 106 cells/mL, 

the ammonium concentration dropped by ~1 mM before continued to increase till the 

end of the culture. 

 

The most surprising observation came from the Mab titre. It was thought that given the 

culture was operated in a fed-batch mode, a culture with a higher seeding density 

should have the highest titre due to the higher cell number and the extra nutrients from 

the feed media. However, Error! Reference source not found.Figure 3.11I showed 

that all cell cultures reached a similar peak Mab titre at approximately 1.1 g/L, albeit 

at a rate corresponding to the seeding density where the highest seeded culture 

reached the same Mab titre first. The comparable peak Mab titres across the differently 

seeded cultures strongly suggested that the feed was, in fact, the limiting factor that 

prevented the titre from increasing further. More specifically, certain media 

components to support greater protein production were still lacking in the feed media 

used in these fed-batch cultures. However, the use of this commercially available feed 

media was useful to demonstrate the limitations of using a generic, non-process 

specific feed media. That being said, the fed-batch culture was able to produce a final 

Mab titre of 1.1 g/L, which was ~2.9 times of that produced in the batch culture. The 

feeding strategy was deemed sufficient and suitable for further experimentations in 

fed-batch mode and confirmed again in Section 3.4.3. 
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Figure 3.11: Off-line data of shake flask fed-batch cultures grown at different seeding density of 
0.2, 0.5, 1.0 and 1.5 x 106 cellsmL-1. A: VCC and viability, B: cIVCD, C: osmolality, D: glucose 
concentration, E: lactate concentration, F: glutamate concentration, G: glutamine concentration, H: 
ammonium concentration, I: titre and J: specific productivity. 
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3.3.2 Effect of cell age 

One other critical parameter to look out during cell culture was the relative age of the 

cells used to produce the product of interest. Cells needed to be passaged multiple 

times to bulk up the cell number sufficiently prior to inoculating a production bioreactor. 

Hence, genetic stability was of a paramount concern for a cell line to ensure that cell 

cultures, from the same cell line, performed at different points in time would behave 

similarly. It was to be noted that a proper genetic stability study was not performed 

here.  

 

To investigate the impact of different cell age on the cell culture, the number of 

passages that the maintenance culture, in the presence of MSX, has gone through 

was used as a proxy for the cell age. Two groups of cell cultures of different age were 

cultivated by staggering the two separate cell thaw (cryovials) from the same working 

cell bank. Ultimately, two distinct inoculum cultures at passage #28 and #8 were used 

at the point of inoculation. The higher the passage number, the older the cells were 

deemed to be. Four shake flasks were inoculated at the same seeding density of 0.2 

x 106 cells/mL; two replicates were made for each of the high passage number (HPN) 

and low passage number (LPN). Each batch culture had a working volume of 150 mL 

in a 250 mL flask that was placed on an orbital shaker in a 5% CO2, humidified 

incubator at 37 °C. The batch cultures were only stopped when a low viability of < 50% 

was reached. 

 

Expectedly, the HPN culture grew at a higher rate than the LPN culture (Error! 

Reference source not found.Figure 3.12A). The peak VCC achieved was ~7.5 x 106 

cells/mL and ~6 x 106 cells/mL in the HPN and LPN cultures respectively. However, 

the specific productivity of LPN was consistently higher than that of the HPN through 

the culture duration. This translated to a peak Mab titre of LPN of ~0.35 g/L as 

compared to ~0.24 g/L in HPN (Error! Reference source not found.Figure 3.12F). 

This constituted a titre loss of ~30% simply from the different cell age which the 

cultures used. The inverse relationship between cell age and productivity had been 

reported as a consequence of loss of gene copy of the transfected gene of interest 

over time (Heller-Harrison et al. 2009, Kim et al. 2011). This phenomenon was not 

unique to only a specific cell line like GS-CHO as it had also been observed in other 
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cell lines from DHFR-CHO and GS-NS0 (Strutzenberger et al. 1999, Barnes et al. 

2001). The metabolite analysis from this experiment did not show significant 

differences between the HPN and LPN cultures. Given this observation, it was thought 

that while the loss in productivity was correlated to cell age, the cell age did not seem 

to have an observable impact on the metabolism, at least not from the metabolites 

measured. 
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Figure 3.12: Off-line data of shake flask batch cultures with different cell age (passage 
number).A: VCC and viability, B: glucose concentration, C: lactate concentration, D: glutamate 
concentration, E: ammonium concentration and F: titre. 
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3.3.3 Effect of biphasic culture temperature 

 

3.3.3.1  Batch mode 

Temperature was another parameter that could be modulated during a culture to elicit 

responses to the culture. Mild hypothermia was introduced in batch cultures to 

determine the effect on growth and productivity. Four shake flasks were inoculated at 

the same seeding density of 0.2 x 106 cells/mL; two replicates were made for the 

control and mild hypothermia condition. Each batch culture had a working volume of 

150 mL in a 250 mL flask that was placed on an orbital shaker in a 5% CO2, humidified 

incubator at 37 °C. For the flasks with the mild hypothermia (temperature shift, TS) 

conditions, they were moved to an incubator at a lower temperature of 32 °C on Day 

6 after sampling. The batch cultures were only stopped when a low viability of < 50% 

was reached. 

 

Both the control and mild hypothermia cultures were exhibiting very similar growth 

profile when they were both at 37 °C. Upon changing the temperature conditions on 

Day 6, a divergent in growth was already obvious by the next day (Error! Reference 

source not found.Figure 3.13A). From Day 7 and onwards, the control cultures 

stopped growing further and achieved a peak VCC of ~6 x 106 cells/mL. On the other 

hand, cultures exposed to 32 °C continue to grow further and reached a peak VCC of 

~8 x 106 cells/mL. Furthermore, the mild hypothermia cultures lasted 2 days longer 

than the control cultures. These observations on reduced VCC and extended culture 

durations as a result of a biphasic temperature shift had been reported previously 

(Kaufmann et al. 1999, Trummer et al. 2006, Kumar et al. 2008). 

 

A similar divergent in growth profile was also observed in all the metabolites 

measured. In all cases, the rate of consumption or production of the metabolites was 

slower in the mild hypothermia cultures than the control cultures (Nam et al. 2009). 

Most notably, the ammonium profiles showed a stark difference between the two 

conditions (Error! Reference source not found.Figure 3.13E). Post-temperature 

shift, the ammonium in the control cultures continued to increase to ~7 mM whereas 

the ammonium in the mild hypothermia cultures decreased about 0.5 mM over 5 days 

before started to increase to a peak concentration of ~4 mM. 
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The peak titre was ~0.35 g/L and ~0.40 g/L for the control cultures and mild 

hypothermia cultures respectively. This showed that implementing biphasic mild 

hypothermia in a batch cell culture could improve peak titre by ~14%. 
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Figure 3.13: Off-line data of shake flask batch cultures with biphasic culture temperature where 
37°C was changed to 32°C on Day 6. A: VCC and viability, B: glucose concentration, C: lactate 
concentration, D: glutamate concentration, E: ammonium concentration and F: titre. 

 

 

 

 

 

 

 

 



Page 118 of 308 
 

3.3.3.2  Fed-batch mode 

A similar experiment was subsequently performed in fed-batch mode to determine the 

impact of biphasic mild hypothermia on cell culture when nutrients were 

supplemented. Four conditions were tested: control, temperature shift on Day 0 (TS-

D0), temperature shift on Day 5 (TS-D5) and temperature shift on Day 8 (TS-D8). The 

four shake flasks were inoculated at the same seeding density of 0.2 x 106 cells/mL. 

Each fed-batch culture had a working volume of 200 mL in a 1000 mL flask that was 

placed on an orbital shaker in a 5% CO2, humidified incubator at 37 °C. For the flasks 

that required the mild hypothermia conditions, they were moved to an incubator at a 

lower temperature of 32 °C on the stipulated day after sampling. The feeding strategy, 

FS-SF1, was employed (Section 2.1.5.1). Culture supernatant samples before and 

after feeding were taken for metabolite analysis. Cultures were only stopped when a 

low viability of < 50% was reached. 

 

The control culture took ~10 days to reach a peak VCC of ~10 x 106 cells/mL before 

experiencing a sharp decline in viability within the following 2 days (Error! Reference 

source not found.Figure 3.14A). As one might had expected, for TS-D0, early 

exposure to mild hypothermia severely slowed its growth. The lag phase was almost 

10 days. It took another 11 days to reach a peak VCC of ~11 x 106 cells/mL. A further 

10+ days were taken to reach the end of the culture. For the TS-D5 culture, the growth 

profile was similar to that of the control until after the day of mild hypothermia 

introduction. There was almost a cessation of growth for about 3 days without a 

decrease in viability but after that, the culture appeared to continue into the exponential 

phase as it was before the prior 3 days. It subsequently reached a peak VCC of ~8 x 

106 cells/mL. It took a further 10 days to reach a viability of < 50%. With the TS-D8 

culture, it grew similarly to that of the control culture. It reached a similar peak VCC as 

that of the control at ~10 x 106 cells/mL. Instead of experiencing a rapid drop in viability 

4 days after reaching peak VCC like in the control, the TS-D8 persisted for 2 more 

days before exhibiting the same viability drop. This prolongation of viability was 

consistent with the observation noted in the batch cultures (Section 3.3.3.1) with the 

biphasic mild hypothermia at late exponential or early stationary phase when 

compared to the control. Introduction of the mild hypothermia at different stages of a 
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fed-batch culture had been demonstrated to have protective effects in relation to 

extending culture longevity but at a cost of slower growth. 

 

With regards to the metabolic profiles, the trends across the 4 fed-batch cultures were 

generally similar. TheTS-D0 took almost 17 days to deplete the glucose present in the 

basal media to the threshold level at which the feeding protocol was initiated while all 

other cultures took only 5 days (Error! Reference source not found.Figure 3.14D). 

Similarly, the lactate accumulation was the slowest for the TS-D0 which took 17 days 

to reach a peak lactate of ~1 g/L while other cultures took 5 days to reach a peak 

lactate of ~1.8 g/L (Error! Reference source not found.E). After the lactate 

metabolism shifted from production to consumption, lactate levels continued to drop 

before increasing again towards the end of each culture; this had been observed in 

other fed-batch shake flask experiments described in this thesis. The more interesting 

observation was that for TS-D0 and TS-D5, where mild hypothermia was introduced 

earlier in the cultures, the lactate was completely depleted for at least 8 days before 

increasing again. This appeared to correlate with the culture viability. Whenever the 

culture viability was about to drop below 90%, the lactate concentration would always 

increase regardless whether the extracellular lactate was already completely depleted 

(TS-D0 & TS-D5) or that it was still in the process of being depleted (TS-D8 & control). 

It was not currently understood why such a correlation between lactate and viability 

was observed in only the fed-batch cultures and not in the batch equivalents. The 

glutamate profiles were expected in that the cultures with the slower growth consumed 

glutamate slower: TS-D0 was the slowest, followed by TS-D5 while TS-D8 and control 

were similar (Error! Reference source not found.Figure 3.14F). Glutamine appeared 

to be preferentially produced and excreted into the media when mild hypothermia was 

introduced (Error! Reference source not found.Figure 3.14G). This could be seen 

in TS-D8 where a spike in glutamine level was observed after Day 8, the day mild 

hypothermia was introduced to that culture; TS-D5 also experienced a spike in 

glutamine level after Day 5; TS-D0 showed an immediate increase in glutamine level 

after Day 0. The consistent metabolic change to that of favouring glutamine production 

manifested itself regardless of the culture stage it was in (D0, D5, D8). This suggested 

that mild hypothermia had a global effect on the metabolism pathways, possibly driving 

the glutamine synthase reaction forward to make glutamine. A search in the literature 

did not find any mild hypothermia work conducted in the GS-CHO cell line which could 



Page 120 of 308 
 

provide some corroborative data; the glutamine production phenomenon under mild 

hypothermia could be specific to the GS-CHO system. The ammonium profiles were 

similar for the 4 cultures apart from TS-D0 which showed a slower accumulation rate 

(Error! Reference source not found.Figure 3.14H). Interestingly, the ammonium 

level for all 4 cultures reached an inflexion point at ~4 mM. The significance of this 

value was not understood at this point.  

 

The peak Mab titre achieved was ~0.7, ~0.8, ~1.0 and ~1.0 g/L for the control, TS-D8, 

TS-D5 and TS-D0 cultures respectively (Error! Reference source not found.Figure 

3.14I). The time taken to reach the peak titre was ~13 days, ~16 days, ~23 days and 

~33 days for the control, TS-D8, TS-D5 and TS-D0 cultures respectively. Interestingly, 

the control and TS-D8 cultures had similar peak titre while the TS-D5 and TS-D0 had 

a closer titre grouping. This two distinct groupings suggested that for mild hypothermia 

to elicit a tangible benefit in terms of increasing titre levels, it should be introduced 

earlier in the culture. Ideally, mild hypothermia should be introduced mid-exponential 

or earlier (TS-D0 or TS-D5) as the data showed that at late exponential phase (TS-

D8), the increase in titre was only ~14% compared to ~43% in the former case studies. 

Having said that, this should be taken into consideration along with the desired culture 

duration as a trade-off because the extended culture duration was almost twice as 

long. 
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Figure 3.14: Off-line data of shake flask fed-batch cultures with culture temperature shift (TS) 
from 37°C to 32°C on Day 0, Day 5 and Day 8. A: VCC and viability, B: cIVCD, C: osmolality, D: 
glucose concentration, E: lactate concentration, F: glutamate concentration, G: glutamine 
concentration, H: ammonium concentration, I: titre and J: specific productivity. 
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3.4 Characterisation and optimisation of media additives in shake 

flask 

It was alluded to in Section 3.3.1.1 about limited growth in batch culture due to the 

limited nutrients. Subsequent investigations were done to look at how modulation of 

key nutrients or presence of certain additives to a batch culture could affect the growth 

and metabolic profiles. 

 

3.4.1 Effect of initial glucose concentration in media 

Glucose concentration was tested as it had been demonstrated to be a key carbon 

source in the glycolytic pathway. More often than not, glucose would need to be 

supplemented in fed-batch cultures to sustain the culture. This did not imply that only 

glucose was needed as many other nutrients had to be supplemented too. In that 

context, a batch experiment was performed to determine if glucose itself, in the basal 

media, was restricting the culture. Four media conditions were tested: control (no 

additional glucose, ~6 g/L), media supplemented to 10 g/L of glucose, media 

supplemented to 15 g/L of glucose and media supplemented to 20 g/L of glucose. A 

stock glucose solution of 500 g/L was used for the supplementation. All four shake 

flasks were inoculated at the same seeding density of 0.2 x 106 cells/mL. Each batch 

culture had a working volume of 100 mL in a 250 mL flask that was placed on an orbital 

shaker in a 5% CO2, humidified incubator at 37 °C. The batch cultures were allowed 

to continue till near 0% viability to have a complete picture. 

 

The growth profiles in the 4 conditions were very similar. The peak VCC for the control, 

10 g/L glucose and 15 g/L glucose were ~5.5 x 106 cells/mL (Error! Reference source 

not found.Figure 3.15A). The culture with 20 g/L glucose had a peak VCC of ~4.5 x 

106 cells/mL. It was to be noted that while glucose had been supplemented into the 

various media formulations, the final osmolality was not corrected to make the 

osmolality in all media formulations the same. Despite so, it was found out from the 

experiment that even at 15 g/L of glucose which was equivalent to a final osmolality of 

~360 mOsmol/kg, that had no significant impact on the growth profile itself when 

compared to the control which used a media with ~310 mOsmol/kg (Error! Reference 

source not found.B). It was only at the 20 g/L glucose formulation with ~390 

mOsmol/kg that showed a lower growth as indicated by the lower peak VCC. While 
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media osmolality was not explicitly tested in this experiment, the data implied that 

osmolality of up till ~360 mOsmol/kg did not have an impact in terms of growth. 

 

In terms of the metabolic profiles, there were some interesting observations. 

Glutamate and ammonium profiles across the 4 conditions were very similar (Error! 

Reference source not found.Figure 3.15F & G). For the glucose consumption 

profiles, it was shown that for 10 g/L, 15 g/L and 20 g/L glucose, the cumulative 

glucose consumption was in fact the same at ~8 g/L glucose (Error! Reference 

source not found.Figure 3.15D). The control culture completely used up the glucose 

in its media and thus ended up with a cumulative glucose consumption of ~6 g/L 

glucose. This suggested that by using CD CHO as a standard basal media with no 

further glucose supplementation, it was already more or less optimised for growth; 

additional glucose did not help to improve growth. The fact that there was an upper 

limit as to how much glucose was utilised in the media supplemented with only glucose 

also implied that the other media components, which were not supplemented, were in 

fact limiting the culture. This was by not any means surprising as a cell culture required 

a complex cocktail of nutrients and no single nutrient can replace every other 

component. A further observation in the lactate profiles also revealed an important 

consequence of glucose supplementation. Only the control culture reached a peak 

lactate of ~1.6 g/L before being consumed (Error! Reference source not 

found.Figure 3.15E). In the 10 g/L, 15 g/L and 20 g/L glucose cultures, they exhibited 

the same behaviour of lactate accumulation to ~2.5 g/L. Zagari et al. (2013) had 

reported that increased glucose concentration did not influence the lactate metabolism 

shift from production to consumption but the lactate concentration did plateau off at 

higher glucose concentration in one clone; in another subclone, increased glucose 

concentration delayed the lactate metabolism shift. This reinforced the concept that 

excessive glucose supplementation could be counter-productive to a culture as lactate 

accumulation tended to lower a culture longevity and productivity. This was 

corroborated by the titre data which showed the control culture with ~0.42 g/L Mab, 

the 10 g/L glucose culture with ~0.37 g/L Mab and both the 15 g/L and 20 g/L glucose 

cultures with ~0.35 g/L Mab; only the control culture had exhibited the lactate shift. 
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Figure 3.15: Off-line data of shake flask batch cultures with different initial glucose 
concentration of 6 g/L, 10 g/L, 15 g/L and 20 g/L . A: VCC and viability, B: osmolality, C: glucose 
concentration, D: cumulative glucose consumption, E: lactate concentration, F: glutamate 
concentration, G: ammonium concentration and H: titre. 
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3.4.2 Effect of lactate and pH 

With a shake flask culture where there was a lack of pH control, the pH of the culture 

changes with respect to the amount of lactic acid secreted into the media. This 

phenomenon had been demonstrated in previous experiment (Section 3.3.1.1 & Error! 

Reference source not found.Figure 3.10). It was of interest to know how the lactate 

ions themselves and/or the pH of the culture could influence this phenomenon and to 

ultimately provide some insight into the lactate metabolism shift from that of production 

to consumption. An experiment was conducted where the initial pH of the culture and 

the presence or absence of lactate at the start of the culture were looked at. The 

change in pH was either caused by HCl addition or lactic acid addition to achieve pH 

6.8. The exogenous lactate was added using either lactic acid or sodium lactate. There 

was a control where no pH adjustment or lactate addition was performed. All resulting 

media formulations were adjusted to a similar osmolality of ~360 mOsmol/kg using 

NaCl. The specific additives and final conditions of the different media formulations 

could be found in Table 3.1. 

 

Table 3.1: Summary of the various experimental conditions used to investigate effect of lactate 
and pH in shake flask batch cultures. 

I.D. A B C D E 

Source of acid 
Lactic 
acid 

- HCl - HCl 

Source of lactate 
Lactic 
acid 

Sodium 
lactate 

- - 
Sodium 
lactate 

Source of osmolality 
adjustment 

NaCl 

Final osmolality ~360 

Final lactate 
concentration (g/L) 

1.6 1.6 - - 1.6 

Final pH 6.8 7.3 6.8 7.3 6.8 
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All five shake flasks were inoculated at the same seeding density of 0.2 x 106 cells/mL. 

Each batch culture had a working volume of 50 mL in a 250 mL flask that was placed 

on an orbital shaker in a 5% CO2, humidified incubator at 37 °C. Cultures were only 

stopped when a low viability of < 50% was reached. 

 

Conditions D & E gave a peak VCC of ~5.5 x 106 cells/mL whereas conditions A, B & 

C gave a peak VCC OF ~4.5 x 106 cells/mL (Error! Reference source not 

found.Figure 3.16A). Condition B reached the end of the culture the quickest, followed 

by D, E, C and A. 

 

The metabolic profiles were more interesting in that the data showed groupings in 

relation to the conditions tested. For the glucose, it was shown that for conditions B 

and D, where the initial media pH was 7.3, the glucose level dropped the fastest 

(Error! Reference source not found.Figure 3.16C). This was followed by conditions 

C & E, where the initial media pH was 6.8. The slowest decrease in glucose level was 

for condition A which also had an initial pH of 6.8 but was done so via lactic acid. The 

same observation was found for the glutamate where conditions B & D grouped 

together, C & E grouped together and A showed the slowest glutamate consumption 

(Error! Reference source not found.Figure 3.16E). For the ammonium, the 

groupings were different and changed during the culture (Error! Reference source 

not found.Figure 3.16F). For conditions C & D, their ammonium profiles were grouped 

closely up until Day 8 before they diverged on Day 9 and onwards with condition C 

accumulated ammonium at a slower rate than D. Conditions A, B and E had very 

similar ammonium profiles up until Day 7 where B showed the sharpest increase in 

ammonium accumulation, followed by E and finally A. The lactate profiles were 

somewhat similar to that observed for ammonium in that their groupings were similar. 

Conditions C and D, which had no lactate in the initial media, reached a peak lactate 

of ~1.5 g/L and ~1.9 g/L respectively (Error! Reference source not found.Figure 

3.16D). Subsequently, the lactate was consumed but condition C resulted in a more 

complete depletion of the accumulated lactate than D. Conditions A, B and E, which 

had 1.6 g/L lactate in the initial media, reached a peak lactate of ~2.3 g/L, ~3.2 g/L 
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and ~2.5 g/L respectively. Only condition A showed a complete consumption of lactate 

while B and E showed partial consumption of the lactate.  

 

The peak Mab titre was highest for C at ~0.39 g/L, followed by A at ~0.35 g/L, D at 

~0.30 g/L and with B and E at ~0.27 g/L. A simple pH reduction using HCl (condition 

C) was able to make the culture the most productive compared to other modulations 

performed in this experiment whereas cultures with sodium lactate added performed 

worse than the control culture.  

 

Overall, several inferences could be made with respect to lactate and pH with respect 

to this GS-CHO culture. Firstly, the presence of exogenous lactate ions in the media 

did not prevent the cells from making more themselves. This was exemplified by 

conditions A, B and E where they continued to make more lactate even though there 

was already lactate in the initial media. Secondly, a low pH by itself appeared to 

promote the shift in metabolism from lactate production to consumption. By comparing 

conditions C and D where the former had a lower initial media pH and that was the 

only difference, it was demonstrated that C had a more complete utilisation of lactate 

produced during the culture than D. Thirdly, both lactate and pH could influence the 

extent of lactate production. Cultures with both exogenous lactate and a low initial 

media pH produced about half the amount of lactate than in cultures with only either 

of the conditions present or just the control (Error! Reference source not 

found.Figure 3.16J). Fourthly, cultures that exhibited lactate consumption behaviour 

could continue to utilise lactate in the absence of glucose. This was illustrated in 

condition A where a complete consumption of both the exogenous lactate, in the form 

of lactic acid addition, and the endogenous lactate which was produced during the 

culture itself was observed. Being able to utilise the excess carbon source (lactate) 

introduced into the initial media was supposedly why condition A had the longest viable 

culture. Fifthly, cells would only start to consume lactate after a certain period of lactate 

production. Neither a combination of lactate addition and low pH nor each individual 

condition was able to induce lactate consumption behaviour from the onset of the 

culture. This was in contrast to what Liste-Calleja et al. (2015) had reported where 

addition of lactic acid at the start of the culture triggered lactate consumption on the 

onset while addition of sodium lactate or low pH itself only had lactate consumption 

after a period of lactate production. This could have been due to the lower range of pH 
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(pH6.6-6.8) that they used while only pH 6.8 was used in the experiment described 

herein. It was plausible that a lower pH was indeed needed since the cultures with 

lower pH in this experiment would secrete lactic acid and the extra acidification would 

then trigger the lactate shift. While it was undeniable that lactate and pH had an 

influence on the desirable lactate metabolism shift based on the experimental data, 

those two parameters could not account for the other observations noted in the 

experiment. The fact that all culture conditions took ~7 days to achieve the lactate shift 

and that culture conditions that showed (near) complete utilisation of extracellular 

lactate (conditions A, C & D) were of different pH and lactate concentration suggested 

something else, other than pH and lactate concentration, was influencing the cell’s 

ability to utilise lactate. Nolan and Lee (2011) had suggested that the redox balance 

between the reducing equivalents, NADH and FADH2,  in the cytosol and mitochondria 

was responsible for the metabolic shift; initial rapid glucose utilisation caused an 

overproduction of NADH which overflowed to excess lactate production via lactate 

dehydrogenase (LDH) and when the NADH supply became insufficient for the 

increased NADH demand from mitochondria, the LDH reaction reversed to re-utilise 

lactate and produce NADH. This hypothesis could account more strongly for the fact 

that all culture conditions took ~7 days to exhibit the lactate shift, perhaps indicative of 

a minimal redox potential threshold that need to be achieved which would take some 

time from the start of each cultures. This threshold could have been met earlier in the 

culture with lactate consumption behaviour on the onset described by Liste-Calleja et 

al. (2015). Their culture media compositions and operating conditions which could 

have reasonably primed the redox state of the culture to favour both glucose and 

lactate consumption right at the beginning of the culture. 
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Figure 3.16: Off-line data of shake flask batch cultures at different lactate and pH conditions . 
A: VCC and viability, B: cIVCD, C: glucose concentration, D: lactate concentration, E: glutamate 
concentration, F: ammonium concentration, G: titre, H: specific productivity, I: cumulative glucose 
consumption, J: cumulative lactate production, K: cumulative glutamate consumption and L: 
cumulative ammonium production. 
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3.4.3 Effect of fixed and non-fixed volume bolus feed additions 

Various feeding strategies was looked at to facilitate the fed-batch experimentations 

in shake flasks. The feeding strategies were primarily based on a single feed, fixed 

volume bolus additions (FS-SF1) or 2-feeds, fixed volume bolus additions (FS-SF3) or 

growth-based, non-fixed volume bolus additions (FS-SF2-1% and FS-SF2-2%). The 3 

feeding strategies were described in Section 2.1.5. 

 

In this experiment, four feeding strategies (FS-SF1, FS-SF2-1&, FS-SF2-2% and FS-

SF3) were employed in fed-batch shake flasks, along with a batch culture as a 

comparison to all fed-batch cultures. All five shake flasks were inoculated at the same 

seeding density of 0.2 x 106 cells/mL. Each culture had a working volume of 200 mL 

in a 1000 mL flask that was placed on an orbital shaker in a 5% CO2, humidified 

incubator at 37 °C. Cultures were only stopped when a low viability of < 50% was 

reached. 

 

The batch culture reached a peak VCC of ~7 x 106 cells/mL (Error! Reference source 

not found.Figure 3.17A) and was the first culture to die off, which was expected. All 

fed-batch cultures lasted at least 7 more days than the batch culture. FS-SF1 and FS-

SF2-1% reached a peak VCC of ~9 x 106 cells/mL; FS-SF2-2% reached a peak VCC 

of ~8 x 106 cells/mL; FS-SF3 reached a peak VCC of ~7 x 106 cells/mL. For FS-SF3, 

there was a stagnation of growth for 2 days after the feed additions on Day 5. An 

exponential growth was observed again at Day 8. This growth stagnation (between 

exponential phases) was not observed for any other cultures. Coincidentally, FS-SF3 

had a shorter culture than the other fed-batch cultures. Osmolality within the range of 

250 – 340 mOsmol/kg did not appear to be very detrimental to the culture as the culture 

viability in the first 14 days was reasonably high at >80% for all feeding strategies 

(Error! Reference source not found.Figure 3.17C).  

 

There were notable metabolic differences amongst the different cultures. The batch 

culture became completely depleted of glucose while all fed-batch cultures did not 

experience any complete glucose depletion (Error! Reference source not found.D). 

FS-SF1 and FS-SF3 were able to sustain glucose level above ~3 g/L while FS-SF2-

1% and FS-SF2-2% oversupplied glucose to the culture and kept it >10 g/L in the 
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second half of these cultures. In all cultures, the lactate accumulated to ~1.6 g/L before 

the lactate consumption behaviour kicked in (Error! Reference source not 

found.Figure 3.17E). While the batch and FS-SF1 cultures experienced complete 

lactate consumption, the other cultures did not. It was to be noted that the FS-SF1 did 

experience a re-accumulation of lactate 1 day after the lactate was depleted. FS-SF3 

dropped its lactate from ~1.6 g/L to ~0.4 g/L before a gradual increase to ~0.5 g/L over 

4 days. FS-SF2-1% reduced its lactate from ~1.6 g/L to ~0.5 g/L before a gradual 

increase to ~0.8 g/L over 6 days. FS-SF2-2% reduced its lactate from ~1.6 g/L to ~0.7 

g/L before a gradual increase to ~1.0 g/L over 6 days. The data indicated that only 

fed-batch cultures that had either additional NEAA supplements (FS-SF3) or additional 

feed media (FS-SF2-1% and FS-SF2-2%) as opposed to the standard FS-SF1 

experienced an incomplete lactate consumption metabolism shift. This implied that 

excess glucose in the media was not the main culprit due to the behaviour observed 

with the additional NEAA supplementation (FS-SF3) – the only difference between FS-

SF1 and FS-SF3 was the NEAA supplementation. Furthermore, the extra volume of 

EfficientFeed B added to the cultures in FS-SF2-1% and FS-SF2-2% appeared to 

correlate with the extent of lactate consumption. While the EfficientFeed B was not 

analysed for amino acids, it was understood from the manufacturer that it did contain 

NEAA. Therefore, it was likely that the excess NEAA introduced into the culture during 

feeding, be it via direct NEAA supplementation (FS-SF3) or indirect NEAA 

supplementation (FS-SF2-1% and FS-SF2-2%) that resulted in the incomplete lactate 

consumption metabolism shift. However, while glucose might not have been chiefly 

responsible for this phenomenon, it might have served some role too. In a previous 

batch experiment with elevated glucose in the media (refer to Section 3.4.1), it was 

shown that excess glucose within the media completely prevented the cultures from 

shifting to a lactate consumption metabolism. It was likely that both NEAA and glucose, 

when in excess, modulated the lactate metabolism. The glutamate profiles for the 

cultures were expected. The batch culture depleted its glutamate in the media (Error! 

Reference source not found.Figure 3.17F). The glutamate level in the culture was 

the highest in FS-SF3, easily sustaining it at >3 mM. This was because the glutamate 

concentration was approximately twice as high in NEAA than in the EfficientFeed B. 

The FS-SF2-2% achieved the next highest glutamate level, followed by FS-SF2-1% 

and finally, FS-SF1. FS-SF1 was able to maintain a glutamate level at ~0.5 mM. 

Interestingly, apart from the batch and FS-SF1, glutamine accumulated in the culture 



Page 132 of 308 
 

media for all other feeding strategy (Error! Reference source not found.Figure 

3.17G). This accumulation phenomenon manifested itself despite glutamine being 

absent in all media components. This implied that for cultures in FS-SF2-1%, FS-SF2-

2% and FS-SF3, the cells were producing and secreting the glutamine into the culture 

media. The accumulation appeared to persist until the end of the cultures. With 

regards to ammonium, it also accumulated in the culture media until the end of the 

cultures. The batch and FS-SF3 cultures reached a peak level of ~5 mM; FS-SF1 

reached ~7 mM; FS-SF2-1% and FS-SF2-2% reached upwards of 10 mM (Error! 

Reference source not found.Figure 3.17H). Despite FS-SF3 utilised a stock amino 

acid solution, its contribution to ammonium formation in the culture media was lower 

than FS-SF2-1%, FS-SF2-2% and FS-SF1. This suggested amino acid deamidation 

was not responsible for the almost doubling of the extracellular ammonium formation, 

at least not from the amino acids found in the NEAA stock. Even though both FS-SF2-

1% and FS-SF2-2% utilised almost the same combined feed volume but at a different 

addition rate, they both ended up with similarly high extracellular ammonium 

concentration. This further supported the idea that media components, other than the 

NEAA components, in the EfficientFeed B caused this ammonium accumulation 

phenomenon or that certain metabolisms which promoted ammonium production were 

present in the cultures that employed FS-SF2-1% and FS-SF2-2%. 

 

The peak Mab titre was highest for FS-SF1 at ~1.16 g/L, followed by FS-SF2-1% at 

~0.73 g/L, FS-SF2-2% & FS-SF3 at ~0.58 g/L and finally batch culture at ~0.35 g/L. 

The data suggested that excess of nutrients like in FS-SF2-1%, FS-SF2-2% and FS-

SF2-3 did not help culture productivity while FS-SF1 was sufficient to provide an 

almost 3 times increase in titre over a batch culture. Given that FS-SF1 was superior 

to the other feeding strategies investigated in terms of final titre and the relative ease 

of implementation, it remained as the default feeding strategy for fed-batch cultures in 

shake flasks.  
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Figure 3.17: Off-line data of shake flask batch cultures and fed-batch cultures with different 
feeding strategies: FS-SF1, FS-SF2-1%, FS-SF2-2% and FS-SF3. A: VCC and viability, B: cIVCD, 
C: osmolality, D: glucose concentration, E: lactate concentration, F: glutamate concentration, G: 
glutamine concentration, H: ammonium concentration, I: titre and J: specific productivity. 
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3.4.4 Effect of NaBu 

 

3.4.4.1  Optimal concentration and point of addition during batch 

culture 

NaBu is a histone deacetylase (HDAC) inhibitor that has been known to arrest cell 

growth and increase global gene expression (Jiang and Sharfstein 2008). It was of 

interest to know how NaBu could influence the cell culture in the context of the GS-

CHO cell line used in this thesis. Experiments were conducted to look at the optimal 

NaBu concentration to be added to a culture with respect to cell growth and 

productivity. Based on the literature previously described in Table 1.1, a range 

between 0 – 4 mM of NaBu was used; any higher concentration of NaBu would result 

in significant cellular arrest. It was thought that the addition of NaBu at different time 

points in a culture would have different outcomes given the different metabolic state 

of the cells. One set of experiment looked at the addition of NaBu at the start of the 

culture while another looked at the addition at the late exponential phase (Day 6) of 

the culture. In the former set, NaBu concentration was tested at 0, 0.5, 1 and 2 mM 

whereas in the latter set, 0, 0.2, 0.5, 1, 2 and 4 mM were used. All shake flasks were 

inoculated at the same seeding density of 0.2 x 106 cells/mL. Each batch culture had 

a working volume of 150 mL in a 250 mL flask that was placed on an orbital shaker in 

a 5% CO2, humidified incubator at 37 °C. Cultures were allowed to continue till near 

0% viability to have a complete picture. 

 

For cultures with NaBu being added at the start of the culture, limited growth was 

observed. The higher the NaBu concentration, the lower the growth. The peak VCC 

for the control, with no NaBu addition, was ~4 x 106 cells/mL (Error! Reference 

source not found.Figure 3.18A). The culture with the next highest NaBu addition at 

0.5 mM only had a peak VCC of ~2 x 106 cells/mL and took almost twice as long to 

reach the peak VCC. At 1 and 2 mM of NaBu, the duration taken to reach their 

respective peak VCC did not increase proportionally to the concentration of NaBu 

added but the magnitude of the peak VCC did decrease further as NaBu concentration 
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increased. Perhaps more surprising was the impact on the culture viability upon NaBu 

exposure. Cultures with NaBu added at the start of the culture did not experience a 

significant decrease in viability at all (Error! Reference source not found.A). In fact, 

the culture viability appeared to progress similarly as that of the control culture, even 

when relatively high NaBu concentrations were added. However, in the cultures where 

NaBu was added at the late exponential phase, the changes in culture viability were 

much more drastic and evident (Error! Reference source not found.Figure 3.19A). 

In fact, 1 day after adding NaBu to these cultures at the late exponential phase, a 

culture (with 4 mM NaBu added) experienced a 10-percentage point drop in viability 

compared to the control culture. Such an immediate and significant drop in viability 

was not observed in any of the instance when NaBu was added earlier in the cultures. 

This suggested that the metabolic state in which the cells were during the early phase 

of the culture compared to during late exponential phase made them more resistant to 

the NaBu’s negative impact on viability. A study by McMurray-Beaulieu et al. (2009) 

demonstrated that the selective addition of NaBu during the mid-exponential phase 

was able to better sustain cellular metabolic activity as compared to NaBu addition at 

later phase of the culture or with no NaBu addition at all. In their data, the addition of 

NaBu in mid-exponential phase did not result in a drop in viability until after 2 days 

while the addition of NaBu in late-exponential phase did see a viability drop within 2 

days. This further corroborated the idea that NaBu addition earlier in the culture 

(before late exponential phase) had less cytotoxic effect on the cells. 

 

In terms of metabolic profiles of the cultures, there were distinct differences when it 

came to the exposure of cell culture to NaBu at different concentration and at different 

phase of the culture. As shown earlier when NaBu was introduced early in the culture, 

the cell growth was severely impeded. The resulting effect was that the rate of glucose 

consumption and rate of lactate production were both reduced proportionally to the 

NaBu concentration (Error! Reference source not found.Figure 3.18B & C). 

Interestingly, it was observed that cultures with NaBu added later in the culture had 

consumed more lactate than the control culture, proportional to the NaBu 

concentration (Error! Reference source not found.Figure 3.19C). A better utilisation 

of lactate or a more complete lactate consumption behaviour was desirable and had 

been demonstrated to be a sign of cells in a more oxidative state (Templeton et al. 

2013). The exception was the culture with 4 mM of NaBu added at late stage (Error! 
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Reference source not found.Figure 3.19C). It was believed that because the 

decrease in viability was too great at that NaBu concentration, the remaining cells were 

not able to elicit any responses that could be measured meaningfully. These 

observations further supported the claims that NaBu could reduce glycolysis and 

favour the TCA cycle particularly via the increased expression of pyruvate carboxylase 

which was responsible for the anaplerotic conversion of pyruvate to oxaloacetate that 

replenished the TCA cycle (Yee et al. 2008, Wippermann et al. 2017). A separate 

study also suggested that the excessive production of pyruvate led to lactate 

production (Wilkens et al. 2011); this implied that pyruvate carboxylase activity would 

be higher as suggested by the other studies. 

 

In the experiment where NaBu was added at the start of the culture, the peak Mab titre 

was highest for NaBu at 0.5 mM at ~0.55 g/L, followed by NaBu at 1 mM at ~0.50 g/L, 

control at ~0.48 g/L and finally NaBu at 2 mM at ~0.25 g/L (Error! Reference source 

not found.Figure 3.18F). It was to be noted that while NaBu at 2 mM had the lowest 

peak titre, the culture was in fact still viable at 70% viability even after 20 days and the 

titre was expected to continue to increase. However, it was decided that a trade-off 

was to be made between culture longevity and titre production. A culture that produced 

half as much titre at almost twice the duration, when compared to a control, was not 

practical for manufacturing. In the experiment where NaBu was added at the late 

exponential phase of the culture, the peak Mab titre was highest for NaBu at 2 mM at 

~0.48 g/L, followed by NaBu at 1 mM at ~0.35 g/L, NaBu at 0.5 mM at ~0.40 g/L and 

finally, the control, NaBu at 0.2 mM and NaBu at 4 mM at <0.34 g/L (Error! Reference 

source not found.Figure 3.19F). This data implied that beyond a certain NaBu 

concentration, 2 mM in this case, the increased cytotoxicity outweighed the benefit of 

increased productivity. Overall, these experiments showed that the point at which 

NaBu was introduced to the culture and the concentration of the NaBu used could 

have a significant impact on culture productivity. It was concluded from the conditions 

investigated so far that an addition of 2 mM NaBu at late exponential phase gave the 

best effect of increased productivity, up to ~40% when compared to a control (Table 

3.2). 

 

 

 



Page 137 of 308 
 

 

 

 

  

 

Table 3.2: Summary of the effect of NaBu concentration added at different time points on titre 
at point of harvest in shake flask batch cultures. 

Point which NaBu 
was added 

Concentration of 
NaBu (mM) 

% increase of titre from control 
culture at point of harvest 

Start of culture 

0.0 0.0 

0.5 14.6 

1.0 4.2 

2.0 -48.0 (lower titre than control) 

Late exponential 

0.0 0.0 

0.2 0.0 

0.5 17.6 

1.0 2.9 

2.0 41.2 

4.0 0.0 
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Figure 3.18: Off-line data of shake flask batch cultures with different NaBu concentration added 
at the start of the cultures . A: VCC and viability, B: glucose concentration, C: lactate concentration, 
D: glutamate concentration, E: ammonium concentration and F: titre. 
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Figure 3.19: Off-line data of shake flask batch cultures with different NaBu concentration added 
at the late exponential phase (Day 6) of the cultures . A: VCC and viability, B: glucose concentration, 
C: lactate concentration, D: glutamate concentration, E: ammonium concentration and F: titre. 
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3.4.4.2  Effect of non-sustained & sustained NaBu addition in fed-

batch 

The literature review described in (Section 1.2.3) had shown that published work 

involving NaBu mostly focussed on experimentations in batch mode which did not 

provide much insight into the more industrially relevant mode of operation – fed-batch 

mode. Furthermore, the literature review revealed a surprising lack of detail with 

regards to whether NaBu was introduced to the culture system as a single time point, 

non-sustained exposure or a sustained exposure format from the point of NaBu 

introduction to the end of the culture. Following on from the batch culture experiments 

performed in (Section 3.4.4.1), a fed-batch experiment was performed to look into how 

non-sustained and sustained NaBu addition could further influence the culture. It was 

to be noted that a non-sustained addition meant a single time point addition of NaBu 

to attain the target NaBu concentration in the culture at that point in time; a sustained 

addition referred to the consistent addition of NaBu into the culture such that the target 

NaBu concentration was achieved throughout the culture since its first addition. The 

way to achieve sustained NaBu exposure was to add NaBu into the feed media used 

for the fed-batch cultures. The lack of NaBu supplementation during feeding would 

lead to dilution of the NaBu already present in the culture media. Three sets of two 

cultures were set-up. Each set corresponded to NaBu addition starting at different 

phase of the culture – start of culture at Day 0 (labelled as “B”), early exponential 

phase at Day 3 (labelled as “C”) and late exponential phase at Day 8 (labelled as “D”). 

Within each set, one was designated as non-sustained NaBu addition (labelled as “1”) 

and the other being sustained NaBu addition (labelled as “2”). The NaBu concentration 

used in all instances was 2 mM. All six shake flasks were inoculated at the same 

seeding density of 0.2 x 106 cells/mL. Each fed-batch culture had a working volume of 

200 mL in a 1000 mL flask that was placed on an orbital shaker in a 5% CO2, 

humidified incubator at 37 °C. The feeding strategy, FS-SF1, was employed (refer to 

Section 2.1.5.1) but instead of initiating the feeding based on glucose concentration, 

all flasks were fed on Day 5. Feeding was stopped either around Day 20 or when the 

culture was terminated. Culture supernatant samples before and after feeding were 

taken for metabolite analysis. Cultures were only stopped when a viability of < 60% 

was reached. 
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Cell cultures B1 and B2 experienced minimal change in viability upon NaBu addition 

on Day 0 (Error! Reference source not found.Figure 3.20A). C1 and C2 only had 

<5%-point drop in viability 2 days after NaBu addition on Day 3. On the other hand, 

D1 and D2 showed a >10%-point decrease in viability within 2 days of the NaBu 

addition on Day 8. The reduction in viability observed in C1 & C2 and more evidently 

in D1 & D2 suggested that it was more probable for the viability drop to be a function 

of the cell culture’s metabolic state than a lack of nutrients. The latter did not agree 

with the fact that the experiments here were conducted in fed-batch mode where the 

feeding began on Day 5 for all cultures. The decrease in viability was all within a few 

days of when feeding started and it did not make sense that fresh feed media should 

start killing cells. Furthermore, the phenomenon of greater decrease in viability when 

NaBu was added at the later stage of the culture was already observed in the batch 

cultures described in Section 3.4.4.1. Therefore, it was unlikely that the lack of 

nutrients was responsible for the decrease in viability and that NaBu was the cause of 

the decreased viability. The peak VCC for B1 & B2 was <1 x 106 cells/mL while that of 

C1 & C2 was ~1 x 106 cells/mL (Error! Reference source not found.Figure 3.20A). 

On the other hand, with NaBu introduced at a later point in the cultures, D1 & D2 had 

more time to grow normally and were able to reach a peak VCC of ~8 x 106 cells/mL.  

 

In terms of metabolites, glucose supplementation was not an issue for any of the 

cultures. In all cultures, glucose level was kept above 5 g/L throughout the culture after 

feeding had been initiated (Error! Reference source not found.Figure 3.20D). Set D 

had about half of the glucose level than set B and C due to the fact that there far more 

cells in the former set. A similar trend was also observed for glutamate with set B & C 

at a higher level than set D (Error! Reference source not found.Figure 3.20F). The 

slightly lower glutamate consumption for D1 than D2 was thought to have been due to 

the effect of the sustained exposure to NaBu because the cell density for D1 & D2 was 

similar and the divergence only appeared after Day 8 when the respective NaBu 

addition strategy was implemented in each flask. The lactate profiles were particularly 

interesting. Set D cultures reached a peak lactate of ~1.6 g/L before a shift to the 

lactate consumption behaviour (Error! Reference source not found.Figure 3.20E). 

Set C cultures only reached a peak lactate of ~1.2 g/L before a consumption began. 

Set B cultures increased in lactate concentration rapidly in the first 4 days of the 

cultures to ~0.5 g/L before slowly increasing to ~0.7 g/L and maintained at that level 
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till the end of the experiment. With respect to glutamine, it was only present in D 

cultures between Day 5 and Day 9. For set B & C cultures, extracellular glutamine was 

present and persisted in the culture at >0.8 mM from Day 6 and Day 5 respectively. 

This extended period of relatively high extracellular glutamine level was also observed 

in a previous experiment where excess feeding (refer to Section 3.4.3 & Error! 

Reference source not found.Figure 3.17) was implemented. In the context of this 

NaBu fed-batch experiment, set B & C cultures were indeed at much lower cell 

densities than that of set D cultures while the feeding was kept the same for all flasks. 

Hence, it was not surprising for set B & C cultures to be “overfed”. The ammonium 

profiles for set B cultures were that of a constant gradual increase to a peak 

concentration of ~6 mM at time of culture termination (Error! Reference source not 

found.Figure 3.20H). For set C cultures, ammonium increased more quickly than set 

B cultures in the first 8 days before a slower accumulation rate was maintained until 

the end. Set D cultures accumulated ammonium the quickest within the first 7 days 

before a net consumption of ammonium for about 8 days and a final climb in 

concentration again to ~5 mM. Intriguingly, the ammonium profiles were indicative of 

when NaBu was added to the cultures. Assuming set D cultures were the baseline 

where NaBu was added the latest at Day 8, one could see that when the ammonium 

profiles for set C cultures started to deviate was close to when the NaBu was added 

in set C. The deviation in ammonium profiles was on Day 4 when the day of NaBu 

addition was Day 3. Likewise, the same can be said for set B cultures which deviated 

from the “baseline” on Day 2 while the day of NaBu addition was Day 0. The slight 

delay of 1 day between set C and D cultures was likely due to the time needed for the 

metabolism shift induced by NaBu addition. The delay of 2 days between set B and D 

cultures was likely due to the residual ammonium from the inoculation step being 

higher than the difference in accumulated ammonium that set D cultures would have 

over set B cultures. Evidently, NaBu addition had a demonstrable effect on the 

ammonium metabolism that was indicative of when NaBu was added during the 

culture. 

 

The peak Mab titre was highest for D2 at ~1.26 g/L, followed by D1 at ~0.92 g/L, both 

C1 & C2 at ~0.25 g/L, B2 at ~0.19 g/L and finally, B1 at ~0.10 g/L (Error! Reference 

source not found.Figure 3.20I). In most cases, non-sustained NaBu addition gave a 

higher final titre than sustained NaBu addition. The specific productivity was thought 
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to have been higher for a sustained NaBu addition than that for a non-sustained NaBu 

addition because of a more consistent productivity pressure that a sustained approach 

would intuitively provide. However, that was not the case. In all culture conditions, the 

non-sustained NaBu addition approach always had a higher qp for a longer duration 

than that of sustained NaBu addition (Error! Reference source not found.J). Set C 

cultures had fairly comparable qp for either non- sustained or sustained NaBu addition 

which accounted for the fairly similar final titres while set B & D cultures had distinct 

final titres between the 2 modes of NaBu addition. Subsequently, it was thought that 

the counter-intuitive observation that non-sustained NaBu addition approach had a 

higher qp than the sustained NaBu addition approach was due to the metabolic 

exhaustion of the cells when they were constantly exposed to NaBu at the same or 

higher concentration. While NaBu, at a given concentration, might divert pyruvate 

more towards the TCA cycle than to the lactate production, this highly favourable and 

productive state could not have been sustained perpetually, be it due to an eventual 

lack of TCA intermediates or a redox imbalance with respect to reducing equivalents 

like NADH and FADH2. This might not be an issue in a perfusion culture where a 

steady-state could be achieved. However, in a fed-batch culture, certain nutrients were 

bound to run out, albeit slower than in a batch culture. As such, it would not be 

unreasonable to say that a sustained NaBu addition was counter-productive in forcing 

the exposed cells to go overdrive in a particular metabolic state which ultimately 

“crashed and burned”. On the other hand, a non-sustained NaBu addition (i.e. dilution 

of existing NaBu with feed media) was sufficient enough to direct the cells to a hyper-

productive state but at a certain point, still allowed the cells to undergo some self-

regulation reactions (e.g. anaplerotic or cataplerotic reactions for the TCA) to prevent 

a “crashed and burned” state. While the phenomenon of non-sustained NaBu addition 

being more productive than sustained NaBu addition was not fully understood, it had 

been demonstrated empirically that utilisation of the former approach would be the 

more industrially relevant mode of operation as it had a better titre within a reasonable 

timescale of <20 days. 
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Figure 3.20: Off-line data of shake flask fed-batch cultures with 2 mM NaBu initiated at different 
phase of the cultures and in a non-sustained or sustained manner.. A: VCC and viability, B: cIVCD, 
C: osmolality, D: glucose concentration, E: lactate concentration, F: glutamate concentration, G: 
glutamine concentration, H: ammonium concentration, I: titre and J: specific productivity. 
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3.4.5 Effect of Cu 

Copper supplementation had been routinely used in industrial production settings. 

While there had been various publications discussing the effect of copper addition to 

CHO cell culture, many of these are based on dhfr-CHO (Chaderjian et al. 2005, Luo 

et al. 2012, Yuk et al. 2014, Yuk et al. 2015). It was thought that while the general 

effects of copper should not be cell line-specific since this trace element would be 

essential in any chemically defined cell culture media. It would be interesting to 

observe how copper supplementation, in the context of a GS-CHO cell line used in 

this thesis, influence the culture’s growth and productivity. Two batch culture 

experiments were initially conducted to determine the optimal copper concentration to 

be in the media and whether adding the copper at different time points during the 

culture mattered.  

 

3.4.5.1  Optimal concentration during batch culture 

To determine the optimal copper concentration, 7 different final copper concentrations 

in the culture media were tested: 0, 50, 100, 250, 500, 1000, 2000 nM. The range of 

copper concentration used was based on what had been utilised within literature that 

were in the nM to low µM range (Chaderjian et al. 2005, Yuk et al. 2015). Copper 

supplementation was performed at the start of the culture. It was to be noted while 

copper was not quantified, it was known from the media manufacturer that the CD 

CHO media did contain copper. The copper concentrations tested in the experiment 

were meant to just be the known copper concentration present in the media based on 

the actual addition of stock copper(II) sulphate solution. Copper that was already 

present in the media was not taking into consideration. All 7 shake flasks were 

inoculated at the same seeding density of 0.2 x 106 cells/mL. Each batch culture had 

a working volume of 150 mL in a 250 mL flask that was placed on an orbital shaker in 

a 5% CO2, humidified incubator at 37 °C. The batch cultures were allowed to continue 

till near 0% viability to have a complete picture. 
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The growth profiles in the 7 conditions were similar. The peak VCC for the control was 

<5 x 106 cells/mL (Error! Reference source not found.Figure 3.21A). For cultures 

with any copper supplementation, their VCC were generally higher than that of the 

control. 

 

There were more marked differences that were observed for the metabolic profiles. 

The glucose consumption rate was the lowest for the control culture with no copper 

supplementation (Error! Reference source not found.Figure 3.21B). As the copper 

concentration increased, the rate of glucose consumption appeared to increase as 

well. It did not increase significantly after a copper concentration of 1000 nM. For the 

lactate, the control culture only exhibited insignificant lactate consumption behaviour 

after a peak of ~2 g/L was reached (Error! Reference source not found.Figure 

3.21C). All other cultures with any copper supplementation exhibited lactate 

consumption behaviour, after a peak of ~1.8 g/L, to various extent corresponding to 

their copper level. The higher the copper level, the greater the extent of lactate 

consumption. Copper supplementation at 1000 nM gave the largest lactate 

consumption while at a higher concentration of 2000 nM, there was additional benefit. 

Instead, data showed that there was slightly lesser lactate consumption at 2000 nM 

than 1000 nM. This suggested that there was an optimal concentration of copper with 

respect to the induction of a lactate consumption metabolism. Particularly, in the 

context of this GS-CHO batch culture, 1000 nM of copper was sufficient to induce a 

near complete lactate consumption behaviour. 

 

In terms of the peak Mab titre, all cultures with copper supplementation had very 

similar titres but were of higher titre than the control (Error! Reference source not 

found.Figure 3.21F). The former was ~0.38 g/L and the latter at ~0.34 g/L. The 

increase in the final titre, albeit small, from the presence of additional copper 

supplementation was indicative of a better utilisation of nutrients in the media towards 

productivity. This demonstrated that while commercially available media would have 

all the necessary components for a chemically defined media, specific 

supplementations would be needed to tailor to the specific needs of the cell line used 

(Yuk et al. 2015). In this context, an additional copper supplementation of 1000 nM to 

the basal media (CD CHO) would be recommended for the establishment of a working 
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cell culture protocol for researchers interested in using this GS-CHO (CY01) cell line 

in CD CHO media. 

 

 

 

 

 

 

 

 

 

Figure 3.21: Off-line data of shake flask batch cultures with different Cu concentration 
supplemented at the start of the cultures . A: VCC and viability, B: glucose concentration, C: lactate 
concentration, D: glutamate concentration, E: ammonium concentration and F: titre. 
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3.4.5.2  Optimal point of addition during batch culture 

As shown in Section 3.4.4.1 with regards to NaBu addition at different time point during 

culture, doing so with copper could have significant outcomes too. A supplementation 

of copper at 1000 nM, as determined in the previous experiment, was used for the 

following experiment. Copper supplementation was performed on the start of the 

culture (Day 0), start of the exponential phase (Day 3) or mid-exponential phase (Day 

5), with the intention to determine whether the metabolic state of the cells was 

susceptible to the effects of copper A control culture where no copper was 

supplemented in the culture was also performed. All 4 shake flasks were inoculated at 

the same seeding density of 0.2 x 106 cells/mL. Each batch culture had a working 

volume of 100 mL in a 250 mL flask that was placed on an orbital shaker in a 5% CO2, 

humidified incubator at 37 °C. Cultures were only stopped when a low viability of <50% 

was reached. 

 

The growth profiles in the 4 conditions were similar. The peak VCC for the control was 

~6 x 106 cells/mL (Error! Reference source not found.Figure 3.22A). For cultures 

with copper supplementation, their VCC were generally higher than that of the control. 

For cultures with earlier copper supplementation, their peak VCC were higher. On the 

other hand, cultures with earlier copper supplementation also experienced earlier cell 

death. When copper was added on Day 0, the culture viability dropped drastically from 

>90% to <20% from Day 8 to Day 9. Other cultures remained viable for several days 

longer. The shorter culture longevity in copper-supplemented batch culture was due 

to the higher nutrients consumption rates attributed to a higher cell density.  
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As alluded to earlier, the glucose consumption rate was highest for culture with copper 

added on Day 0, followed by culture with copper added on Day 3. Cultures that had 

either copper added on Day 5 or no supplementation at all had comparable glucose 

consumption rate and were the slowest. Interestingly, the glutamate consumption rate 

for all the cultures were very similar (Error! Reference source not found.Figure 

3.22D). This suggested that copper supplementation did not affect glutamate 

metabolism. On the other hand, copper supplementation at different time points had 

demonstrable effect on lactate metabolism. Culture with no supplementation did not 

shift to a lactate consumption metabolism whereas all cultures with copper 

supplementation did (Error! Reference source not found.Figure 3.22C). It would 

appear that the earlier the copper supplementation, the faster the lactate consumption. 

While all copper supplemented cultures shifted to a lactate consumption metabolism 

at a peak lactate of ~1.6 g/L, it was thought that this was not an effect of the copper 

addition. Previous batch culture experiments in the absence of additional copper (refer 

to Section 3.3.1.1, 3.3.2 & 3.3.3.1) had shown that cultures which exhibited the lactate 

consumption metabolism usually occur at a similar peak lactate level. The fact that the 

lactate consumption metabolism typically shifted at a given lactate level was indicative 

that a lower pH was a trigger for such a metabolism shift. However, it was not a given 

fact that all batch cultures, in the absence of any additives, would transit from a lactate 

production to consumption metabolism when the lactate or pH level was met; little or 

only partial consumption of lactate had been observed before. This had been 

demonstrated in Section 3.4.1, 3.4.4.1 & 3.4.5.1. It was thought that other factors 

(unmeasured parameters) were at play. One could argue that a lack of sufficient 

copper in the media might be responsible for the lack of essential cofactor, that 

required copper, in the mitochondrial electron transport chain, which led to a lowered 

oxidative capacity and a lack of lactate consumption behaviour. However, the 

discrepancy in the lactate metabolism for all batch cultures thus far, in the absence of 

any additive, should not have been caused by an inadequate Cu in the media. Had 

there been issues with the media formulation, the manufacturer would have provided 

notification but no such events had been reported. Moreover, it was shown in this 

experiment that adding copper at any time point before stationary phase was able to 

induce the eventual change in the lactate metabolism on Day 5 (lactate at ~1.6 g/L). 

Particularly, the quick shift on Day 5, just after the copper was added, implied that it 

might have been a non-biological response. A biological phenomenon like 
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incorporating copper into the enzymes within the mitochondrial electron transport 

chain should not logically be that fast. It was believed that something with a faster 

response (within seconds or minutes) like the redox potential of the culture, by which 

a simple addition of copper solution could easily influence, was responsible. A 

previous review had shown that the culture redox potential was a function of cell 

culture metabolic state and dictated biochemical reactions, including protection of 

macromolecules from free radicals (Gruning et al. 2010). Using metal ions, reducing 

agents, oxidising agents and dissolved oxygen are various ways to modulate a culture 

redox potential. However, while there was no literature on the specific effect of culture 

redox potential on the lactate metabolism to account for the phenomenon observed in 

the experiments discussed here, there was a strong case to be made that redox 

potential could be the primary trigger for a lactate metabolism shift given its correlation 

with NADH/NAD+ and flux through LDH (Hartley et al. 2018). Regardless, it was to be 

noted that further investigation work on culture redox potential was not performed 

within this thesis but the observations discussed here should serve as a framework for 

future work. Just as copper supplementation had an apparent effect on the lactate 

metabolism, it was also obvious from the ammonium metabolism. Culture with no 

supplementation had its ammonium level increased continuously till the end of culture 

at ~6 mM (Error! Reference source not found.Figure 3.22E). Cultures with copper 

supplementation, at any time during the cultures, had their ammonium level plateau-

ed at ~3 mM on Day 5 for several day before a final level of ~5 mM was reached. The 

change in ammonium level at Day 5 appeared to correlate with the lactate metabolism 

shift described previously. 

 

The Mab titre data was split into 2 distinct group where cultures with copper 

supplementation had similar titres but were higher than that of the control culture. The 

former was at ~0.38 g/L and the latter at ~0.28 g/L. The data also indicated that for a 

copper supplemented culture that was spiked with copper earlier on, the rate at which 

it reached the peak titre was the fastest. Adding copper on Day 0 and 3 was the fastest 

while adding copper on Day 5 merely lagged by 1 day but still reached the same peak 

titre level. Overall, this showed that addition of copper to a culture could demonstrably 

increase its productivity by promoting the shift to a lactate consumption metabolism if 

it had not already done so in the absence of copper supplementation. Moreover, such 

a benefit could be elicited by the addition of copper at any time point before the end of 
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exponential phase. While the instance where copper was added only in the stationary 

phase was not tested, it was thought that the benefit of adding copper at such a late 

stage in a batch cell culture would be less impressive than if it was performed earlier. 

 

 

 

 

 

 

 

 

 

Figure 3.22: Off-line data of shake flask batch cultures with 1000nM Cu supplemented at different 
phase of the cultures: start of the culture (Day 0), start of the exponential phase (Day 3) or mid-
exponential phase (Day 5). A: VCC and viability, B: glucose concentration, C: lactate concentration, 
D: glutamate concentration, E: ammonium concentration and F: titre. 
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3.4.5.3  Interaction of Cu supplementation and antifoam addition 

during batch culture 

While using media additives to modulate culture behaviour were routinely used, it was 

particularly interesting to know if there could be interfering effects between two 

additives, particularly if they had opposing effects. The following experiment looked at 

the use of antifoam and/or copper in batch culture in shake flask. It was known that 

antifoam application during culture could reduce the gas mass transfer coefficient 

(kLa) by as much as 50% (Al-Masry 1999). This would typically not be an issue in a 

bioreactor as aeration could be easily controlled. However, in a shake flask where no 

active gas control, particularly oxygen, could be maintained due to a lack of 

instrumentation, it was expected that kLa would be reduced with the introduction of 

antifoam. This reduced kLa was thought to be able to limit growth and suppress a 

lactate metabolism shift due to the reduced oxidative capacity associated with the 

reduced kLa. At this point, addition of copper which had shown to promote the lactate 

metabolism shift might be able counteract the negative impact of the antifoam addition. 

A supplementation of copper at 1000 nM, as determined in the previous experiment, 

was used. A 1% (v/v) antifoam solution (Antifoam C emulsion) was used to achieve a 

final antifoam level of 50ppm in the culture was adopted. Both the copper 

supplementation and antifoam addition were performed on the start of the culture (Day 

0). Four set of cultures, with duplicate flasks per set, were performed: cultures with no 

additive (control), culture with copper, culture with antifoam and culture with copper 

and antifoam. All 8 shake flasks were inoculated at the same seeding density of 0.2 x 

106 cells/mL. Each batch culture had a working volume of 50 mL in a 250 mL flask that 
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was placed on an orbital shaker in a 5% CO2, humidified incubator at 37 °C. Cultures 

were only stopped when a low viability of <50% was reached. 

 

The control cultures had the lowest peak VCC at ~5 x 106 cells/mL (Error! Reference 

source not found.Figure 3.23A). Cultures with antifoam only had the next highest 

peak VCC at ~6 x 106 cells/mL. Lastly, cultures with copper only and cultures with 

copper and antifoam performed similarly with a peak VCC of ~7 x 106 cells/mL. It was 

surprising to find the cultures with antifoam only to outperform the control cultures, 

albeit slightly. While kLa was not determined in the shake flask, it was assumed that 

the kLa had reduced simply due to the antifoam addition. This reduced kLa might not 

have been sufficient to elicit a negative impact on growth as kLa in shake flasks had 

been reported to be as high as 100 h-1 in unbaffled shake flasks which was typically 

an order of magnitude higher than in a typical bioreactor of ~10 h-1 (Schiefelbein et al. 

2013). As such the reduction in kLa in this instance from the antifoam addition might 

not have been drastic enough. Instead, the antifoaming effect might have provided a 

passive protection for the shear sensitive cells which accounted for the slightly 

improved growth. It was to be noted that in the first place, excessive or problematic 

foaming, in the absence of antifoam, was not a known issue for any of the shake flask-

based experiments conducted in this thesis. 

 

There were two distinct groupings in the metabolic data – the control set and set with 

antifoam added only formed one group (Group 1) while the set with copper only and 

set with copper and antifoam formed another group (Group 2). Glucose consumption 

rate was similar for both groups but Group 2 became faster from Day 5 onwards until 

depletion (Error! Reference source not found.Figure 3.23B). Data also showed that 

while both groups did shift to lactate consumption metabolism, Group 1 took a longer 

time to initiate the shift and did not undergo complete lactate consumption. Group 2 

shifted right at the peak lactate of ~1.6 g/L and depleted the lactate by Day 9. This 

suggested that the presence of copper either by itself or with antifoam was able to 

elicit the same metabolic response. Glutamate consumption was similar for all cultures 

as was observed previously (Section 3.4.5.2). Cultures with copper supplementation 

showed a slight net consumption of ammonium after an initial peak of ~3 mM was 

reached while those without copper supplementation did not (Error! Reference 
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source not found.Figure 3.23E). This observation was the same as the previous 

experiment (Section 3.4.5.2). 

 

Unsurprisingly, the Mab titre data was also split into 2 distinct group where cultures 

with copper supplementation (and with antifoam) had similar titres but were higher 

than that of cultures with no copper added. The former was at ~0.32 g/L and the latter 

at ~0.27 g/L. The increased titre value for cultures with copper addition compared to 

those without was consistent with the previous experiments discussed thus far. The 

addition of antifoam did not appear to cancel out the benefits of copper addition. In 

fact, the addition of both compounds resulted in a “best of both worlds” scenario where 

the antifoaming effect from the antifoam was in place, along with the boosted 

productivity from the copper. 

 

Figure 3.23: Off-line data of shake flask batch cultures looking at interactions between Cu 
supplementation and antifoam addition . A: VCC and viability, B: glucose concentration, C: lactate 
concentration, D: glutamate concentration, E: ammonium concentration and F: titre. 
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3.4.5.4  Fed-batch mode 

Copper supplementation was also performed in fed-batch mode to determine if the 

observations noted in the batch mode held true for fed-batch mode, particularly with 

respect to the distinct shift in lactate metabolism from a production to consumption 

state. In this experiment, 3 sets of conditions, with a duplicate for each set, were 

performed. The 3 sets of conditions were batch mode, fed-batch mode and fed-batch 

mode with copper supplementation. The feeding strategy, FS-SF1, was employed 

(Section 2.1.5.1). A supplementation of copper at 1000 nM in the culture media at the 

start of the culture, as determined in the previous experiment. The 6 shake flasks were 

inoculated at the same seeding density of 0.2 x 106 cells/mL. Each fed-batch culture 

had a working volume of 200 mL in a 1000 mL flask that was placed on an orbital 

shaker in a 5% CO2, humidified incubator at 37 °C. Culture supernatant samples 

before and after feeding were taken for metabolite analysis. Cultures were only 

stopped when a low viability of < 50% was reached. 

 

There were rather distinct trends observed for the growth profiles of the 3 sets of 

conditions. Batch cultures reached a peak VCC of ~7 x 106 cells/mL (Error! Reference 

source not found.Figure 3.24A). Fed-batch cultures reached a peak VCC of  ~9 x 

106 cells/mL while fed-batch cultures with added copper had the highest peak VCC of 

~12 x 106 cells/mL. The batch cultures took only 10 days to reach a reduced viability 

of 70% while the fed-batch and fed-batch with added copper cultures took 18 and 15 
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days respectively to reach the same reduced viability of 70%. It was not surprising to 

see that the batch cultures had the shortest culture longevity as they had limited 

nutrients in the first place. Similarly, it was not surprising to also see the fed-batch 

cultures with added copper to have shorter culture duration than just the fed-batch 

cultures. This could be attributed to the higher consumption rate of nutrients and also 

accumulation of waste products in the former cultures than the latter which had lower 

cell density. It was to be noted that the feeding strategy, FS-SF1, used a fixed volume 

of feed and as such, each fed-batch culture would be given the same amount of 

nutrients regardless of the growth or consumption rates. While a fed-batch mode of 

cultivation was able to provide more nutrients than a batch mode, it was evident that 

there would be limitations as well depending on how quick the extra nutrients from the 

feed were being utilised. Specific supplementation of nutrients would need to be 

performed should a more sustained culture be desired. 

The glucose profile behaved predictably for the batch cultures which showed a 

complete depletion by the end of the culture (Error! Reference source not 

found.Figure 3.24D). In the case of the fed-batch cultures and fed-batch cultures with 

added copper, the feeding strategy was able to sustain the glucose levels in both 

cases. It was to be noted that glucose level was always lower in the fed-batch cultures 

with added copper than without, starting from Day 5 when the higher cell density in the 

former was first observed. The same trends in the glucose were also observed for 

glutamate. The batch cultures were the first to have their glutamate be depleted 

(Error! Reference source not found.Figure 3.24F). While the feed strategy was able 

to sustain the glutamate in the fed-batch cultures at non-zero levels, the rate of 

glutamate consumption was higher in the fed-batch cultures with added copper than 

without. This phenomenon was again attributed to the higher cell density. Interestingly, 

all cultures exhibited a shift to lactate consumption metabolism. In line with previous 

observations, the shift occurred at the peak lactate of ~1.6 g/L. This implied that, in 

the fed-batch cultures conducted in shake flasks, the change in pH by the accumulated 

lactate was sufficient to induce the lactate shift, as noted previously in batch cultures 

(Section 3.3.1.1). The presence of additional copper appeared to only enhance the 

rate of lactate consumption presumably due to the higher cell density it generated. It 

did not lower the “threshold” for the lactate shift, i.e. concentration at which the lactate 

metabolism shift was still at ~1.6 g/L. 
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The final Mab titre was comparable for the fed-batch cultures with and without copper 

added at ~0.95 g/L while the batch cultures had ~0.30 g/L (Error! Reference source 

not found.Figure 3.24H). The approximate 3-fold increase in titre for fed-batch 

cultures over batch cultures was consistent with the titre data observed in Section 

3.4.3. Copper supplementation during fed-batch did not further increase the culture 

titre. This was thought to be because the fed-batch cultures, in this instance, were 

exhibiting the lactate consumption metabolism to the same extent as the fed-batch 

cultures with copper added, i.e. complete depletion of lactate. As such, it could be said 

that the fed-batch cultures, with or without copper addition, were in a similar metabolic 

state. The main observed difference between these two sets of cultures was the rate 

at which they reached the same state. This was particularly obvious by the fact that 

the fed-batch cultures with the added copper reached the similar final titre as that of 

the fed-batch cultures approximately 1 day earlier. This enhanced rate was thought to 

be a result of the higher VCC in the presence of additional copper. Overall, copper 

addition in fed-batch cultures did not appear to provide a substantial benefit over no 

copper supplementation at all. This suggested that if the cultures were to have 

exhibited a complete lactate depletion, like in this instance (Error! Reference source 

not found.Figure 3.24E), copper supplementation was not needed. While it was not 

demonstrated in this experiment, it was thought that if in fed-batch cultures and when 

the lactate shift was incomplete, copper supplementation would help drive the lactate 

shift towards a more complete depletion as shown in the previous batch experiments 

(Section 3.4.5.1). This aiding of the shift towards a more complete lactate consumption 

metabolism by copper addition was demonstrated in the next section 3.4.6. 
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Figure 3.24: Off-line data of shake flask batch cultures, fed-batch cultures and fed-batch cultures 
with 1000nM Cu supplemented at the start of the cultures . A: VCC and viability, B: cIVCD, C: 
osmolality, D: glucose concentration, E: lactate concentration, F: glutamate concentration, G: 
ammonium concentration, H: titre and I: specific productivity. 
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3.4.6 Effect of combined addition of Cu and NaBu in fed-batch 

While separate NaBu and copper additions to fed-batch cultures had been 

demonstrated in Section 3.4.4.2 and Section 3.4.5.4 respectively, it was of interest to 

know what effects a combined addition would have on growth and productivity. NaBu 

had been determined in Section 3.4.4.2 to have the optimal increase in titre at 2 mM 

as a single time point, non-sustained addition at late exponential phase. Copper was 

shown to promote growth and be effective in aiding the shift towards a more complete 

lactate consumption metabolism. It was thought that using both additives would have 

a synergistic effect on growth and productivity. The following experiment involved 5 

different conditions: batch mode, fed-batch mode (no additive), fed-batch mode (with 

NaBu), fed-batch mode (with copper) and fed-batch mode (with NaBu and copper). 

The feeding strategy, FS-SF1, was employed (refer to Section 2.1.5.1). Copper was 

added at the start of the culture (Day 0) at 1000 nM while NaBu was added at late 

exponential stage (Day 7) of the culture at 2mM, with the goal of allowing the cells to 

grow as much as possible before being subjected to the cell arrest property of NaBu. 

The 5 shake flasks were inoculated at the same seeding density of 0.2 x 106 cells/mL. 

Each fed-batch culture had a working volume of 200 mL in a 1000 mL flask that was 

placed on an orbital shaker in a 5% CO2, humidified incubator at 37 °C. Culture 

supernatant samples before and after feeding were taken for metabolite analysis. 

Cultures were only stopped when a low viability of < 50% was reached. 

 

The batch culture had a peak VCC of ~6 x 106 cells/mL (Error! Reference source 

not found.Figure 3.25A). The fed-batch culture had a peak VCC of ~8 x 106 cells/mL. 

The fed-batch culture with NaBu added had a peak VCC of ~6 x 106 cells/mL. Its 

growth was inhibited after NaBu was added on Day 7 hence its peak VCC was lower 

than the fed-batch culture without NaBu. On the other hand, the fed-batch culture with 

added copper had a peak VCC of ~10 x 106 cells/mL. The almost 30% increase in 

peak VCC was consistent with the observation in Section 3.4.5.4 and it did not come 

as a surprise that a copper-supplemented culture would have better growth. Finally, 

the fed-batch culture with added copper and NaBu had a peak VCC of ~8 x 106 

cells/mL. This turn of event was perhaps not too surprising. Just prior to NaBu addition, 

the copper-supplemented fed-batch culture grew comparably to that of the fed-batch 

culture with added copper only. Immediately after the NaBu was introduced to the 
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copper-supplemented fed-batch culture, its viability dropped ~5% and growth was 

visibly reduced. This suggested that while copper supplementation could promote 

higher growth in a fed-batch cell culture, the growth arresting effect of NaBu would 

easily nullify that benefit if it had been added as well. 

 

In terms of glucose metabolism, the batch culture behaved as expected (Error! 

Reference source not found.Figure 3.25D). In the case of the other 4 fed-batch 

cultures, the feeding strategy was sufficient to sustain the culture glucose level at > 3 

g/L. For the fed-batch cultures with NaBu, the glucose level was in fact kept at > 5.5 

g/L. This lower rate of glucose consumption was thought to be a direct effect of the 

lowered overall cell density in those cultures caused by the NaBu addition. For the 

lactate profile, all batch and fed- batch cultures reached a peak lactate of ~ 1.6 g/L 

before varying extent of a lactate consumption metabolism was observed (Error! 

Reference source not found.E). The batch culture had an incomplete lactate 

depletion. The fed-batch control culture had a more substantial lactate consumption 

but it only reached ~ 0.5 g/L before a lactate re-accumulation phenomenon was 

observed. The fed-batch culture with added copper had an even more substantial 

lactate consumption than the control but it also did not reach complete depletion. The 

fed-batch culture with added copper and NaBu practically had the same lactate profile 

as that of the fed-batch culture with just copper until the point NaBu was introduced 

on Day 7. Essentially, the lactate profile of the fed-batch culture with both copper and 

NaBu was a half-mixed profile of that of the fed-batch culture with just copper and the 

fed-batch culture with just NaBu. In a way, the metabolic behaviour of the fed-batch 

culture with both copper and NaBu could be intuitively predicted based on the prior 

knowledge of how the culture would behave if only either of the individual additive was 

used. 

 

The final Mab titre was, as expected, the lowest for the batch culture at ~0.30 g/L. The 

fed-batch control had a final titre of ~0.90 g/L. The approximate 3-fold increase in titre 

for fed-batch cultures over batch cultures was consistent with the titre data observed 

in Section 3.4.4.2 & 3.4.5.4. While both the fed-batch culture with NaBu and the fed-

batch culture with Cu had similar final titre of ~1.00 g/L, it was to be noted that the 

latter culture achieved it almost 4 days in advance. A similar “faster-to-the-same-titre” 

phenomenon was also observed in a fed-batch culture with added copper than one 
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without copper in Section 3.4.5.4, albeit by only 1 day. It would appear that copper 

addition could help a culture achieve similar titre as that with NaBu addition but the 

former could do so in a shorter time. At this point, it would be worthwhile to mention 

that the fed-batch culture with NaBu had, in fact, a better culture longevity than the 

fed-batch culture with copper. This meant that the former could potentially increase its 

titre further as time progressed. However, this would have to be done at a compromise 

amongst final titre, culture duration and culture viability at point of harvest. On the other 

hand, the fed-batch culture with both copper and NaBu only had a peak titre of ~0.90 

g/L. This could be attributed to the faster decline in culture viability of this culture. In 

fact, out of all the fed-batch culture conditions tested in this experiment, the one with 

both copper and NaBu experienced the largest reduction in viability in the shortest 

time (Error! Reference source not found.Figure 3.25A). It would seem that the 

presence of copper which helped to increase the cell density slightly might have also 

caused certain nutrients’ depletion rate (not investigated here) to be faster. 

Consequently, when NaBu was then added, the metabolism state which the NaBu was 

driving the cells towards to led to a further decrease in viability. Overall, while copper 

or NaBu supplementation was beneficial when used separately, a combined usage of 

both additives appeared to be counter-productive in terms of maximising titre. 
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Figure 3.25: Off-line data of shake flask fed-batch cultures with different additives (1000 nM Cu 
at Day 0 and/or 2 mM NaBu at Day 7) and a batch control culture . A: VCC and viability, B: cIVCD, 
C: osmolality, D: glucose concentration, E: lactate concentration, F: ammonium concentration, G: titre 
and H: specific productivity. 
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3.4.7 Effect of Long-R3 

Long-R3 is an IGF-1 analogue. This growth factor supplement functions similarly as 

insulin but with enhanced bioavailability compared to native IGF-1 or insulin and could 

be use in much lower concentrations than insulin (Morris and Schmid 2000). It is of 

interest to know how Long-R3 can influence the cell culture in the context of the GS-

CHO cell line used in this thesis because existing and limited publications have mainly 

done so using dhfr-CHO cell lines (Morris and Schmid 2000, Chun et al. 2003, 

Dahodwala et al. 2012).  

 

3.4.7.1  Optimal concentration during batch culture 

To determine the optimal Long-R3 concentration, 5 different final Long-R3 

concentrations in the culture media were tested based upon literature data: 0, 25, 50, 

75 and 100 µg/L. Long-R3 supplementation was performed at the start of the batch 

culture. It was to be noted that it was not known whether Long-R3 or insulin or other 

growth factors were already present in the CD CHO media whose composition was 

proprietary information. The Long-R3 concentrations tested in the experiment were 

meant to just be the known Long-R3 concentration present in the media based on the 

actual addition of stock Long-R3 solution. All 5 shake flasks were inoculated at the 

same seeding density of 0.2 x 106 cells/mL. Each batch culture had a working volume 

of 150 mL in a 500 mL flask that was placed on an orbital shaker in a 5% CO2, 

humidified incubator at 37 °C. Cultures were stopped when a low viability of < 40% 

was reached. 

 

The peak VCC for the control culture was ~5 x 106 cells/mL (Error! Reference source 

not found.Figure 3.26A). All other cultures with Long-R3 had a peak VCC of ~4 x 106 

cells/mL. However, cultures with Long-R3 had a higher growth rate than the control. 

This was most obvious between Day 2 and Day 5 of the cultures. The higher growth 

rate observation was in line with literature with regards to supplementing growth 

factors in cultures (Morris and Schmid 2000). However, the depressed peak VCC for 

cultures with Long-R3 addition observed in this experiment was peculiar. This was 

thought to be due to the fact that the GS-CHO cell line used in this experiment had not 

been adapted to Long-R3 as an adapted cell line would not have exhibited a reduced 
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peak VCC compared to a control culture. Moreover, this could imply that the CD CHO 

media did not contain Long-R3. Interestingly, the cultures with Long-R3 became less 

viable more quickly than the control culture despite the former having lower cell 

density. The control culture was able to maintain a >90% viability for ~2 days longer 

than cultures with Long-R3. 

 

With regards to glucose consumption, cultures with Long-R3 had a higher 

consumption rate than the control (Error! Reference source not found.Figure 

3.26B). This was expected as IGF had been known to stimulate glucose uptake by the 

cells (E R Froesch et al. 1985). As a consequent of the higher glucose consumption 

rate, the rate of lactate production was also higher in cultures with Long-R3 than the 

control (Error! Reference source not found.Figure 3.26C). Interestingly, the 

glutamate consumption rate for the control culture was faster than cultures with Long-

R3 and a widening difference between the two that started on Day 5 (Error! Reference 

source not found.Figure 3.26D). At a Long-R3 of 50 µg/L and above, the glutamate 

consumption rates were similar and the slowest. At a Long-R3 of 25 µg/L, the 

glutamate consumption rate was between that of the control and the cultures with 

higher Long-R3 concentration. The ammonium profiles for cultures with or without 

Long-R3 supplementation were fairly similar (Error! Reference source not 

found.Figure 3.26E). 

 

The final Mab titre for all cultures appeared to be similar at ~0.29 g/L (Error! 

Reference source not found.Figure 3.26F). However, cultures with Long-R3 

experienced a faster increase in titre between Day 3 and Day 7 than the control culture. 

After which, the rate of increase in titre appeared to correspond to the concentration 

of Long-R3 in the culture – the control culture increased the fastest while the culture 

with 100 µg/L increase the slowest. 
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Figure 3.26: Off-line data of shake flask batch cultures with different Long-R3 concentration 
supplemented at the start of the cultures . A: VCC and viability, B: glucose concentration, C: lactate 
concentration, D: glutamate concentration, E: ammonium concentration and F: titre. 
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3.4.7.2  Optimal concentration during fed-batch culture 

The following experiment looked at the determination of the optimal concentration of 

Long-R3 in fed-batch mode. As in the batch experiment (Section 3.4.7.1), the Long-

R3 concentrations used in the fed-batch culture media were 25, 50, 75 and 100 µg/L. 

Long-R3 supplementation was performed at the start of the culture. A control culture 

with no additive was also performed. The 5 shake flasks were inoculated at the same 

seeding density of 0.2 x 106 cells/mL. Each fed-batch culture had a working volume of 

200 mL in a 1000 mL flask that was placed on an orbital shaker in a 5% CO2, 

humidified incubator at 37 °C. Culture supernatant samples before and after feeding 

were taken for metabolite analysis. The feeding strategy, FS-SF1, was employed 

(refer to Section 2.1.5.1). Cultures were only stopped when a low viability of < 50% 

was reached. 

 

The control culture had a peak VCC of ~7 x 106 cells/mL (Error! Reference source 

not found.Figure 3.27A). All the fed-batch cultures with Long-R3 had lower peak VCC 

than the control. The peak VCC was ~4.5, ~5, ~4, ~3.5 x 106 cells/mL for the cultures 

with 25, 50, 75 and 100 µg/L Long-R3 respectively. The reduced peak VCC in the 

presence of Long-R3 was expected as a similar observation had been noted in the 

batch culture equivalents (Section 3.4.7.1). However, in the fed-batch cultures, an 

increase in Long-R3 concentration corresponded to a lower peak VCC. This 

relationship was not observed in the batch culture equivalents where all cultures with 

Long-R3, be it at low or high concentration, had a similar lower peak VCC than the 

control. The decrease in viability in the presence of Long-R3 in fed-batch cultures also 

exhibited a dose response to the Long-R3 concentration. This behaviour was hardly 

observed in the batch culture equivalents. It was to be noted that the deviations of the 

Long-R3 supplemented cultures amongst the different concentrations were markedly 

detected after feeding was initiated on Day 5. Overall, this suggested that there were 

undesirable interactions between the use of Long-R3 and the feed media, 
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EfficientFeed B, used in this case. If the feed media had been compatible with the 

Long-R3 present in the culture, the daily feeding action would have diluted the Long-

R3, along with the “bad effect” of a depressed growth. The fact that any cultures with 

Long-R3 experienced immediate and persistent drop in viability after the initiation of 

the daily feed regime suggested that the feed itself was contributing to the problem. 

The lack of such a phenomenon in a batch culture further supported that statement. 

Specifically, a negative impact when using Long-R3 and EfficientFeed B 

simultaneously had not been observed in literature before. One possible explanation 

could be that insulin and Long-R3 had antagonistic effect as reported by Chun et al. 

(2003) but their data was based on batch cultures in different commercial basal media 

supplemented with or without Long-R3 while just using a single 3-day time point for 

data comparison. The lack of data points on growth was not able to provide a 

satisfactory explanation to what was observed in the fed-batch experiment discussed 

here. A more convincing hypothesis was proposed by Vander Heiden et al. (2001) that 

showed cells grown in higher concentrations of growth factor were more susceptible 

to cell death upon growth factor withdrawal along with limited glucose – a response of 

an elevated glycolytic flux, caused by the previously present growth factor, not being 

able to sustain glycolysis when subjected to low glucose. While the Long-R3 fed-batch 

experiment had no complete removal of the Long-R3, the dilution of its concentration 

via feed media addition still supported the correlation between changes in growth 

factor concentration and the susceptibility to cell death. However, this hypothesis did 

not reconcile with the fact that glucose was abundantly available during the fed-batch 

cultures and should not have restricted the glycolytic flux in any sense. 

 

With regards to the metabolic profiles, the fed-batch cultures performed as expected. 

All the fed-batch cultures with Long-R3 had a higher glucose consumption rate from 

the onset than the control culture (Error! Reference source not found.Figure 3.27D). 

Consequently, they also had higher lactate production rate than the control culture 

(Error! Reference source not found.Figure 3.27E). Both observations agreed with 

the phenomena in the batch culture equivalents whereby Long-R3 promoted glucose 

consumption and lactate production. The trends in the glutamate profiles for the fed-

batch cultures were such that cultures with Long-R3 showed a net accumulation of 

glutamate while the control showed a net consumption (Error! Reference source not 

found.Figure 3.27F). This net accumulation of glutamate in fed-batch cultures with 
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Long-R3 was indicative of a lowered glutamate consumption that had been previously 

noted in batch cultures with Long-R3. The ammonium profiles for the fed-batch 

cultures with and without Long-R3 were very similar which suggested Long-R3 had 

little impact on ammonium metabolism as demonstrated in the batch culture 

equivalents too. 

 

The final Mab titre for the control culture was ~0.73 g/L (Error! Reference source not 

found.Figure 3.27I). At a Long-R3 of 25, 50, 75 and 100 µg/L, the peak titre was ~0.46, 

~0.66, ~0.40 and ~0.31 g/L respectively. Taken together with the VCC data, a Long-

R3 concentration of 50 µg/L gave the optimal outcome in a fed-batch culture. While 

the experiment had shown that there were negative interactions between the use of 

Long-R3 and the commercially available feed, EfficientFeed B, that led to reduced 

culture viability, it was decided that the optimal concentration of Long-R3 to be used 

in future experiments to be 50 µg/L.  
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Figure 3.27: Off-line data of shake flask fed-batch cultures with different Long-R3 concentration 
supplemented at the start of the cultures . A: VCC and viability, B: cIVCD, C: osmolality, D: glucose 
concentration, E: lactate concentration, F: glutamate concentration, G: glutamine concentration, H: 
ammonium concentration, I: titre and J: specific productivity. 
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3.4.8 Effect of spermine 

Spermine is part of the family of compounds known as polyamines. They are aliphatic 

organic cations that are essential for cells to proliferate and have been known to 

interact with proteins and nucleic acids. A cursory search in literature has not shown 

any publication detailing the specific effects of polyamine supplementation in cell 

culture for recombinant protein synthesis. This is likely due to the fact that media 

development and the compositions of said media are closely guarded information for 

many biopharmaceutical companies and vendors of culture media; patents involving 

the use of polyamines in cell culture media could be found more easily than peer-

reviewed articles (McCoy and Morris 2010, Kruger et al. 2014). Therefore, it is of 

interest to know how spermine could influence the cell culture in the context of the GS-

CHO cell line used in this thesis. 

  

3.4.8.1  Effect of spermine addition in fed-batch 

Spermine was tested at 25, 50, 75 and 100 µM with supplementation performed at the 

start of the culture as suggested within literature. A control culture with no additive was 

also performed. It was to be noted that the concentration of spermine, if any was 

already present, was not verified from the cell culture media. The 5 shake flasks were 

inoculated at the same seeding density of 0.2 x 106 cells/mL. Each fed-batch culture 

had a working volume of 200 mL in a 1000 mL flask that was placed on an orbital 

shaker in a 5% CO2, humidified incubator at 37 °C. Culture supernatant samples 

before and after feeding were taken for metabolite analysis. The feeding strategy, FS-

SF1, was employed (refer to Section 2.1.5.1). Cultures were only stopped when a low 

viability of < 50% was reached. It was to be noted that the concerns regarding artefacts 

during cell counting for cultures with spermine had been addressed in Section 3.2.1.1. 

 

The control culture had a peak VCC of ~7 x 106 cells/mL (Error! Reference source 

not found.Figure 3.28A). The peak VCC was ~6, ~7.5, ~7, ~7.5 x 106 cells/mL for the 

cultures with 25, 50, 75 and 100 µM spermine respectively. This data suggested that 

a low concentration of spermine of 25 µM inhibited growth but a concentration at 50 

µM or more did not. McCoy and Morris (2010) had reported the use of spermine itself 

had been shown to improve VCC by ~40% even at 10 µM which was lower than what 

was tested in the experiment discussed herein. The lacklustre performance from 



Page 172 of 308 
 

supplementing spermine in this experiment could have been due to the differences in 

media and cell line that McCoy and Morris (2010) had used. 

 

The glucose profiles for the spermine supplemented fed-batch cultures were very 

similar to one another (Error! Reference source not found.Figure 3.28D). They were 

however consistently slightly higher than that in the control culture. The lactate profiles 

for the spermine supplemented fed-batch cultures were also very similar to one 

another (Error! Reference source not found.Figure 3.28E). The cultures with 

spermine had lower lactate consumption rate after the lactate metabolism shift 

occurred on Day 5; this resulted in a higher lactate than in the control culture. 

Interestingly, cultures with spermine either had similar or less glutamate consumption 

than the control culture except for spermine at 50 µM, where the glutamate 

consumption was higher than the control (Error! Reference source not found.Figure 

3.28F). Ammonium profiles for the cultures with or without spermine were similar and 

they reached a peak concentration of ~7 mM. 

 

The highest final Mab titre amongst the cultures was the control at ~0.73 g/L (Error! 

Reference source not found.Figure 3.28I). The cultures supplemented with 

spermine at 25, 50, 75 and 100 µM had Mab titre of ~0.56, ~0.61, ~0.61 and ~0.63 g/L 

respectively. Overall, it was to be noted that spermine did not exhibit the negative 

interactions with the feed media as demonstrated in the case of Long-R3 (Section 

3.4.7.2). 50 µM of spermine was the minimum concentration at which the VCC 

remained the same or slightly improved from the control. A higher concentration did 

not provide better improvements in growth or productivity. It could be that additional 

media components with the supplemented spermine might be needed to create a 

synergistic outcome as was shown by Kruger et al. (2014). Regardless, it was decided 

that the optimal concentration of spermine to be used in future experiments to be 50 

µM. 
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Figure 3.28: Off-line data of shake flask fed-batch cultures with different spermine concentration 
supplemented at the start of the cultures . A: VCC and viability, B: cIVCD, C: osmolality, D: glucose 
concentration, E: lactate concentration, F: glutamate concentration, G: glutamine concentration, H: 
ammonium concentration, I: titre and J: specific productivity. 
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3.4.9 Screening of combinatorial additions of additives: NaBu, 

copper, Long-R3 and spermine 

The investigation of the individual effects each of the additives (NaBu, copper, Long-

R3 and spermine) could have on the growth and productivity of a GS-CHO cell culture 

had been performed in previous sections. Subsequently, a screening study was 

undertaken to look at how the combined use of additives influence a culture’s growth 

and productivity and to elucidate, if any, the cross-interactions the additives could have 

between each other. 

 

The total possible combinations of conditions that could be studied from using 4 

additives in single, double, triple and quadruple combinations were 15. Calculations 

were performed as followed: 

 

 
𝐶(𝑛, 𝑘) =

𝑛!

(𝑛 − 𝑘)! 𝑘!
 Equation 3.1 

 

Where, 

𝐶 refers to the total possible single, double, triple or quadruple combinations.  

𝑛 refers to the total number of additives that can be chosen from, which is “4” in this 

case.  

𝑘 refers to the number of additives to be selected in single, double, triple or quadruple 

combinations. 

 

The resulting total possible combinations were illustrated in the Table 3.3. While there 

was a total number of 15 conditions to be tested, it was decided that logistically, it was 

not possible to investigate all at the same time. Due to the physical constraints on the 

orbital shakers and incubators, the total number of conditions to be studied was 

reduced to 12. Only 3 conditions were neglected as indicated by the asterisk symbols 

in Table 3.3; they were “N+C”, “N+C+L” and “N+L+S”. “N+C” was removed here 

because the interactions between NaBu and copper had been investigated in Section 

3.4.6 before. “N+C+L” and “N+L+S” were randomly removed from the triple additives 
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combinations while ensuring that one of the remaining 2 triple additives combinations 

options had no Long-R3. The rationale behind this was because Long-R3 had been 

demonstrated previously to react negatively in a fed-batch mode due to possible 

adverse interactions with the feed media (Section 3.4.7.1 & 3.4.7.2). By having a triple 

additives combination without Long-R3 and one with it in the experiment, it was 

thought that precisely this adverse interaction could be ruled out when compared to 

the other combination runs. 

 

Table 3.3: Summary of the total possible combinations of combinatorial additions of additives 
in shake flask fed-batch cultures: NaBu (N), Cu (C), Long-R3 (L) and spermine (S). 

No. NaBu (N) Copper (C) Long-R3 (L) Spermine (S) 

1     

2     

3     

4     

5**     

6     

7     

8     

9     

10     

11**     

12**     

13     

14     

15     

 

It was to be noted that as there were too many data points across the 12 different 

additive conditions and a control culture with no additives, it was decided to split and 

group the data presentations into three parts. One would depict the control and single 

additives conditions, one with the double additives conditions and one with the triple 

and quadruple additives conditions. The three data presentation would be made side 

by side to facilitate comparisons across all conditions as shown in Error! Reference 

source not found.-Figure 3.30 to Figure 3.33. 

 

NaBu of 2 mM was added once at late exponential phase (Day 7) of the culture. 

Copper of 1 µM was started at the start of the culture. Long-R3 of 50 µg/L was used 

once at the start of the culture. Spermine of 50 µM was added once at the start of the 

culture. The 13 shake flasks (12 with additives and 1 control) were inoculated at the 
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same seeding density of 0.2 x 106 cells/mL. Each fed-batch culture had a working 

volume of 200 mL in a 1000 mL flask that was placed on an orbital shaker in a 5% 

CO2, humidified incubator at 37 °C. Culture supernatant samples before and after 

feeding were taken for metabolite analysis. The feeding strategy, FS-SF1, was 

employed (refer to Section 2.1.5.1). For any cultures with copper as part of the 

conditions, a 1 µM copper-supplemented feed media was used instead of the normal 

non-supplemented one. Cultures were only stopped when a low viability of < 50% was 

reached. 

 

The peak VCC for the control culture was ~9 x 106 cells/mL (Error! Reference source 

not found.Figure 3.30A). For the single additive conditions, the peak VCC was ~6, 

~9, ~6 and ~8 x 106 cells/mL for cultures with NaBu (N), copper (C), Long-R3 (L) and 

spermine (S) respectively (Error! Reference source not found.Figure 3.30A). For 

the double additives conditions, the peak VCC was ~5, ~7, ~4, ~4, ~4 x 106 cells/mL 

for cultures with L+S, L+C, L+N, S+C and S+N respectively (Error! Reference source 

not found.Figure 3.30B). For the triple additives conditions, the peak VCC was ~6 

and ~4 x 106 cells/mL for cultures with S+C+N and L+S+C respectively (Error! 

Reference source not found.Figure 3.30C). For the quadruple additives conditions, 

L+S+C+N, the peak VCC was ~5 x 106 cells/mL (Error! Reference source not 

found.Figure 3.30C). A general trend was observed with respect to the peak VCC and 

the number of additives used. The use of the additives generally resulted in a similar 

or reduced peak VCC. Using copper alone was able to achieve similar peak VCC as 

the control. The use of 2 or more additives only further decreased the peak VCC. For 

the double additives conditions, it was thought that any conditions with Long-R3 would 

have resulted in an approximately >30% reduction in peak VCC based on the 

comparison of the peak VCC between the control and the single Long-R3 

supplemented culture. L+S and L+N performed as expected but L+C was able to have 

only ~20% decrease (instead of >30%) in peak VCC than the control. It was also noted 

that when only Long-R3 was used, its culture viability started to deviate from that of 

the control culture distinctly from Day 5 onwards, which was also when the feed was 

initiated. This phenomenon had been observed in Section 3.4.7.1 & 3.4.7.2 that 

suggested adverse reactions between the use of Long-R3 and the feed media itself; 

no other additives when used singly had such an impact. However in the case of L+C, 
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the additional presence of copper appeared to prevent this immediate decline in 

culture viability when feed media was added on Day 5 (Error! Reference source not 

found.Figure 3.30B). The seemingly passive protection attribute of copper in a Long-

R3 supplemented culture against the adverse interactions of using Long-R3 and the 

feed media was not understood at this point. The adverse interactions of using Long-

R3 and the feed media was also noted in the triple additives combinations, L+S+C and 

S+C+N. A decrease in viability after feeding was started on Day 5 was seen in L+S+C 

but not S+C+N (Error! Reference source not found.Figure 3.30C). A subsequent 

decrease in viability was seen in S+C+N but that was after Day 7 when NaBu was 

added which was a known cytotoxic additive. Interestingly, in the case of L+S+C+N, 

the seemingly passive protection attribute of copper in a Long-R3 supplemented 

culture against the adverse interactions of using Long-R3 and the feed media was 

observed again (Error! Reference source not found.Figure 3.30C). The culture 

viability did not change visibly before and after the feed initiation on Day 5 while it 

dropped noticeably after the addition of NaBu on Day 7. Taken altogether, the effect 

of Long-R3’s adverse reaction with the feed media (i.e. drop in viability upon feeding) 

was observed in all conditions that utilised Long-R3 as the additive, be it as a single, 

double, triple or quadruple additives combination. The lack of adaptation of the GS-

CHO cell line to Long-R3 was not deemed to be the issue as the viability drop only 

occurred after feed media was added. NaBu, as a known cytotoxic additive, behaved 

consistently in that a viability drop was always observed after its addition on Day 7 in 

any of the single, double, triple or quadruple additives combination. Copper was shown 

to generally be more beneficial to the cultures in terms of increasing VCC or the 

apparent but unexplained nullifying effect on the adverse interactions of using Long-

R3 and the feed media. Spermine, when used in a single additive system, only caused 

~10% reduction in peak VCC. However, when used as part of a double, triple or 

quadruple additives combination, spermine did not appear to confer benefits to the 

culture VCC or viability, unlike copper. 

 

The feed strategy employed for all 13 cultures had been demonstrated to supply 

sufficient glucose throughout the entire culture duration (Error! Reference source not 

found.Figure 3.31A, B & C). Glucose consumption rate was higher for cultures with 

Long-R3 in them than those without. This was especially obvious for the first 5 days 

before feeding was initiated. The cultures with other additives had similar glucose 
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consumption to that of the control in the first half of the culture duration. During the 

second half, the effects from the reduced culture viability and cell density of the 

affected cultures were more pronounced in their glucose profiles – the glucose level 

experienced either no net accumulation or a slow net accumulation. The latter was 

especially notable in cultures with NaBu when it was added on Day 7. For the lactate 

profiles, all cultures exhibited a similar trend where lactate was accumulated till ~1.6 

g/L before a shift to lactate consumption metabolism was established (Error! 

Reference source not found.Figure 3.31D, E & F). However, the lactate shift was 

incomplete in all conditions. Interestingly, despite the fact that copper-supplemented 

cultures had utilised copper-supplemented feed media, none of them was still able to 

generate a more complete lactate shift. Clearly, the attempt to prevent dilution of the 

initial copper supplementation performed at the start of the culture did not work. This 

further reinforced the idea that pH and copper concentration were insufficient to predict 

the extent of the lactate shift. Instead, other parameters like redox potential should be 

looked at as discussed in Section 3.4.2 & 3.4.5.2. As a consequence of the higher 

glucose consumption rate, all cultures with Long-R3 also had a higher lactate 

production rate, most notably in the first 5 days of the cultures. The glutamate profiles 

for the control, single copper-supplemented and single spermine-supplemented 

cultures were similar (Error! Reference source not found.Figure 3.31G). The single 

Long-R3 supplemented and single NaBu-supplemented cultures only consumed 40% 

and 60% as much cumulative glutamate as the control culture (Error! Reference 

source not found.Figure 3.32G). This suggested that for single additive system, the 

use of either Long-R3 or NaBu steered the cell metabolism away from more intense 

glutamate utilisation compared to copper, spermine or no additive at all. For the 

cultures with 2 or more additives, their cumulative glutamate consumption was 

approximately <40% of the control culture (Error! Reference source not 

found.Figure 3.32H & I). The data suggested that when using a double, triple or 

quadruple additives combinations, glutamate utilisation was severely reduced. For 

ammonium metabolism, there were 2 main groupings observed amongst all the 

cultures (Error! Reference source not found.Figure 3.31J, K & L). For any cultures 

with NaBu, the ammonium accumulation became slower after its addition on Day 7. 

This reduced rate of ammonium accumulation persisted till the end of the cultures and 

resulted in a peak concentration of <5 mM. On the other hand, all other cultures 

accumulated ammonium to at least 6 mM. 
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The peak Mab titre for the control culture was ~0.98 g/L (Error! Reference source 

not found.Figure 3.33A). For the single additive conditions, the peak Mab titre was 

~0.79, ~0.98, ~0.78 and ~0.78 g/L for cultures with NaBu (N), copper (C), Long-R3 (L) 

and spermine (S) respectively (Error! Reference source not found.Figure 3.33A). 

For the double additives conditions, the peak VCC was ~0.57, ~0.58, ~0.39, ~0.30, 

~0.35 g/L for cultures with L+S, L+C, L+N, S+C and S+N respectively (Error! 

Reference source not found.Figure 3.33B). For the triple additives conditions, the 

peak Mab titre was ~0.48 and ~0.31 g/L for cultures with S+C+N and L+S+C 

respectively (Error! Reference source not found.Figure 3.33C). For the quadruple 

additives conditions, L+S+C+N, the peak Mab titre was ~0.37 g/L (Error! Reference 

source not found.Figure 3.33D). It was not surprising to note that the various titres 

correlated with the corresponding cIVCD of each culture (Error! Reference source 

not found.Figure 3.30D, E & F). A general observation was also made with regards 

to the peak titre and the number of additives used. The control had the highest peak 

titre. A single additive system reduced the titre with the exception of copper which 

attained comparable titre as the control. Any cultures with at least 2 additives resulted 

in a greater reduction of titre, to as low as only ~30% of the control culture. 

 

Taken altogether in the context of this screening experiment, it could be said that the 

utilisation of any 2 or more of the 4 additives explored here did not show demonstrable 

benefit in growth and productivity (Table 3.4). The use of single additives, however, 

might prove to be sufficiently useful. As a follow up on that, a charged variant analysis 

was performed on the harvested and Protein A-purified Mab samples of the control 

and single additive cultures. The use of Long-R3 and NaBu did not change the relative 

proportions of the various isoforms when compared to that of the control culture 

(Figure 3.29). The use of spermine increased the proportion of acidic isoforms of the 

Mab from 11.7% to 14.2% when compared to the control (Table 3.5). The use of 

copper increased the proportion of basic isoforms of the Mab by ~6%, the largest 

extent out of all the additives used when compared to the control (Table 3.5). This 

corroborated with the increase in percentage of basic Mab variants in the presence of 

copper supplementation in culture media observed by Kaschak et al. (2011) and Yuk 

et al. (2015). These data demonstrated that while Mab titre could be influenced by the 

type of additive used, its product quality, with respect to charged variants, could be 
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modulated too. This suggested that a trade-off should always be considered with 

regards to product quantity and product quality, especially if a specific product quality 

was known to be critical to the effectiveness of the drug product in patients. 

 

 

 

 

 

 

 

Table 3.4: Summary of the effect of the different additive(s) usage on peak VCC and peak titre 
during the shake flask cultures. 

 Control L S C N L+S L+C L+N S+C S+N 
S+C
+N 

L+S
+C 

L+S+
C+N 

Peak 
VCC 
(x 106 
cells/mL) 

9 6 8 9 6 5 7 4 4 4 6 4 5 

Peak titre 
(g/L) 

0.98 0.78 0.78 0.98 0.79 0.57 0.58 0.39 0.30 0.35 0.48 0.31 0.37 

 

Table 3.5: Summary of the effect of the different additives on the charged variants distribution 
of the Mab harvested and Protein A-purified from each shake flask culture conditions. 

  Peak areas (%) 

Additive 
present 

Acidic isoform Main isoform Basic isoform 

none 11.73% 52.69% 35.58% 

LONG-R3 12.09% 52.10% 35.82% 

Spermine 14.18% 50.55% 35.27% 

Cu 12.97% 45.68% 41.35% 

NaBu 12.08% 52.21% 35.71% 
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Figure 3.29: Distribution of charged variants of the Mab harvested and purified from shake flask 
cultures with different additives.  
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Figure 3.30: Off-line data (growth) of shake flask fed-batch cultures with different culture 
additives . A-C: VCC and viability of the single additive conditions, double additives conditions and 
triple+quadruple additives conditions respectively & D-F: cIVCD of the single additive conditions, double 
additives conditions and triple+quadruple additives conditions respectively. 
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Figure 3.31: Off-line data (metabolites) of shake flask fed-batch cultures with different culture 
additives . A-C: glucose concentration in different additive conditions, D-F: lactate concentration in 
different additive conditions, G-I: glutamate concentration in different additive conditions and J-L: 
ammonium concentration in different additive conditions. 
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Figure 3.32: Off-line data (cumulative metabolite consumption/production) of shake flask fed-
batch cultures with different culture additives . A-C: cumulative glucose consumption in different 
additive conditions, D-F: cumulative lactate production in different additive conditions, G-I: cumulative 
glutamate consumption in different additive conditions and J-L: cumulative ammonium production in 
different additive conditions. 

 

 

 



Page 185 of 308 
 

 

Figure 3.33: Off-line data (productivity) of shake flask fed-batch cultures with different culture 
additives . A-C: titre in different additive conditions, D-F: specific productivity in different additive 
conditions. 
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3.5 Conclusion 

 

Assay artefact arising from cell counting in the presence of spermine was caused by 

precipitation thought to be from the charge interactions between the positively charged 

spermine and the negatively charged Trypan Blue dye. Substantial interference with 

the data analysis was only observed at spermine concentration of at least 50 µM. The 

solution to circumvent this issue was to pre-dilute the culture sample containing 

spermine to a concentration below 50 µM. Another assay artefact observed during gel 

electrophoresis of a Mab sample consistently produced half-mers even in the case of 

a Protein A-purified sample. It was determined that the half-mer artefact was caused 

by the denaturing environment which SDS-PAGE required and therefore could not be 

avoided. The existence of the half-mers was not detected in SEC where the Mab 

stayed in its native form. The presence of other fragments (HC, LC) from a Mab 

resulting from the SDS-PAGE assay could be suppressed using an alkylating agent 

like NEM; a concentration of 50 mM was sufficient. Another fragmentation suppression 

method was to not heat treat the Mab sample. Neither the use of NEM or lack of heat 

treatment affected the actual data integrity. 

 

Batch cultures with different seeding density ultimately ended up with similar growth 

and metabolic profiles and titre; the only difference was the speed at which they 

reached the end of the culture. There was a lack of a lag phase for cultures with higher 

seeding density. Interestingly, fed-batch cultures with different seeding density had the 

same outcome, albeit the final titre was almost 3 times that in a batch culture. The fact 

that all the fed-batch cultures with the different seeding density had similar final titre 

was indicative that the feed media was the limiting factor that prevented the titre from 

increasing further. In terms of cell age, there were little differences in the measured 

metabolites between a HPN (old) and LPN (young) culture. The only observed 

differences were from the growth rate, peak VCC and peak titre. HPN culture grew 

faster and reached a higher peak VCC but achieved a ~30% lower titre than LPN. A 

biphasic temperature shift in batch culture at late exponential phase extended culture 

duration by 2 days and improved titre by ~14%. A biphasic temperature shift in fed-

batch cultures at various time point in a culture had various results. The earlier the 

temperature shift was initiated, the longer the culture lasted. However, a later 
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temperature shift was shown to only improve final titre by ~14% compared to a control 

with no temperature shift. Temperature shift at Day 5 or Day 0 resulted in a ~43% titre 

improvement. This indicated that a biphasic temperature shift should be implemented 

earlier in a culture but the overall culture duration should be considered as well. 

 

It was shown that in batch shake flasks cultures, excessive glucose supplementation 

(i.e. greater than what was already in the basal media) prevented lactate metabolism 

to shift from production to consumption. In standard shake flask cultures, which had 

no active pH control, they typically exhibited a metabolism shift from lactate production 

to consumption at lactate concentration of ~1.6 g/L; this correlated with culture at a 

low pH of ~pH6.8. Further experimentation showed that the presence of exogenous 

lactate ions in the media did not prevent the cells from making more themselves. A low 

pH by itself appeared to promote the shift in metabolism from lactate production to 

consumption. Culture with exogenous lactate and a low initial media pH produced about 

half the amount of lactate than a control. Cultures that exhibited lactate consumption 

behaviour could continue to utilise lactate in the absence of glucose. However, neither a 

combination of lactate addition and low pH nor each individual condition was able to 

induce lactate consumption behaviour from the onset of the culture. There was a strong 

case to be made that culture redox potential could be one of the triggers for a lactate 

metabolism shift but it was not investigated further. Subsequently, various feeding 

strategies were tested in shake flasks. FS-SF2-1%, FS-SF2-2% and FS-SF2-3 

provided the cultures in excess of nutrients which did not help their productivity. On 

the other hand, FS-SF1 was sufficient to provide an almost 3 times increase in titre 

over a batch culture. Taken together with its ease of implementation, FS-SF1 was 

used as the default feeding strategy for fed-batch cultures in shake flasks. 

 

It was determined that the use of additives at different time point of a culture could 

have significant outcomes. NaBu was shown to be highly cytotoxic but gave the best 

increase in productivity of ~40% when used at 2 mM at late exponential phase of a 

batch culture. Interestingly, cultures with NaBu added at the start of the culture did not 

experience a significant decrease in viability at all. The most significant drop in viability 

upon NaBu addition was observed during addition at late exponential phase. Non-

sustained and sustained NaBu addition were tested in fed-batch cultures. Sustained NaBu 

addition was found to be less beneficial than a non-sustained way when NaBu addition 
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was started in late exponential phase; a higher qp was maintained for a longer duration 

when NaBu was only added once (non-sustained addition). Non-sustained and sustained 

NaBu addition did not make a difference in terms of growth and titre when they were 

initiated on Day 0 or Day 3 (early exponential phase). Copper addition to a culture could 

demonstrably increase its productivity by promoting the shift to a lactate consumption 

metabolism if it had not already done so in the absence of copper supplementation. The 

optimal concentration tested in these conditions was 1000 nM. It was shown that this could 

be achieved regardless of the day of addition: Day 0, Day 3 or Day 5. Copper was also 

able to  promote such a lactate metabolism shift in the presence of antifoam which 

suggested that antifoam addition did not nullify copper’s effect. The use of copper in fed-

batch cultures did not increase the final titre when compared to a control but it was ~1 day 

faster to reach the same titre. The GS-CHO cells had not been adapted to grow in Long-

R3. While viability was not compromised when grown in its presence, the peak VCC was 

lower. The use of Long-R3 also promoted glucose uptake rate. Surprisingly, the use of 

feed media in the presence of Long-R3 had an adverse interaction on the culture viability. 

The higher the concentration of Long-R3 in the fed-batch culture, the larger the drop in 

viability when feed media was added. When used in fed-batch cultures, Long-R3 additions 

also resulted in lower glutamate utilisation compared to control culture. Regardless, the 

optimal concentration of Long-R3 was determined to be 50 µg/L. These observations 

strongly suggested that optimisation work performed in a batch or fed-batch culture 

condition could differ; each should be evaluated accordingly. Spermine tested in batch 

cultures did not help improve VCC or titre over the control. Spermine of 50 µM was 

determined to be the optimal concentration. A screening experiment with various 

combinations of the additives revealed that the use of single additive was the least 

detrimental to growth and titre. The utilisation of any 2 or more of the 4 additives explored 

here did not show demonstrable benefit in growth and productivity. A single additive 

system reduced the titre with the exception of copper which attained comparable titre as 

the control. Any cultures with at least 2 additives resulted in a greater reduction of titre, to 

as low as only ~30% of the control culture. In this context, there were no synergistic effects 

observed when multiple additives were used, as opposed to what had been initially 

hypothesised. 

 

A charged variant analysis was performed on the harvested and purified Mab samples 

of the control and single additive cultures. The use of Long-R3 and NaBu had 

insignificant impact on the relative proportions of the various isoforms when compared 
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to that of the control culture. The use of spermine increased the proportion of acidic 

isoforms of the Mab from 11.7% to 14.2% when compared to the control. The use of 

copper increased the proportion of basic isoforms of the Mab by ~6% points, the 

largest extent out of all the additives used when compared to the control. The data 

demonstrated that the use of additive could not only influence growth and titre but also 

the product quantity. Therefore, trade-off amongst these factors should be considered. 

 

Consequently, an extensive follow up investigation with regards to culture 

characterisation was carried out in the 5 L bioreactor system, followed by the scale-up 

study, in the next chapter. 
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4 Cell culture characterisation in bioreactor 

 

4.1 Introduction and chapter objectives 

Chapter 3 has evaluated the feasibility of culture additives in shake flasks and 

characterised the growth, metabolism and productivity under various conditions in 

batch and fed-batch modes. This chapter seeks to further characterise the GS-CHO 

culture in fed-batch bioreactor as this mode of cultivation is most relevant to the 

industry. Feeding strategy has been modified from previous protocol used previously 

by past researchers in the laboratory. This has to be done to not only address 

reproducibility issues with the feed formulation but also to match the feeding strategy 

employed in fed-batch cultures in the shake flasks in the previous chapter. As a follow 

up study from the shake flask studies, the use of sodium butyrate and copper is applied 

to cell cultures in the 5 L bioreactor system. Long-R3 and spermine have not been 

selected due to their lacklustre performance in promoting growth and productivity or 

eliciting the favourable lactate metabolism. Finally, the scale-up study from the 5 L to 

50 L is performed. Assistance from Haneen Alosert is duly acknowledged during the 

50 L experimentation; this involvement, along with some of the off-gas MS study in 

Chapter 5, is part of her undergraduate summer internship project.  

 

Summary of chapter objectives: 

• Characterise fed-batch culture in 5 L bioreactor system with respect to growth, 

metabolite profile and productivity. 

• Optimise the feeding and operating strategy to ensure more reproducible runs. 

• Obtain a baseline culture with the optimised feeding and operating strategy to 

which further investigations can be compared to. 

• Evaluate the use of various additives (sodium butyrate and copper) and 

operating conditions (biphasic temperature shift and low pH) to promote culture 

growth and productivity in fed-batch bioreactor system with a GS-CHO cell line. 

• Scale-up from 5 L to 50 L using constant P/V and similar VVM (with copper 

addition in both cases). 
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4.2 Characterisation and optimisation of bioreactor fed-batch 

culture 

 

4.2.1 Bioreactor feeding and operating strategy 1 (FS-STR1) 

The main objective of utilising FS-STR1 was to replicate previous researchers’ work 

and evaluate its feasibility for its adoption in future experimentations. FS-STR1 

(Section 2.1.6.1) was used as the feeding and operating strategy in the following 

experiment. Two replicate bioreactor runs were performed. 

 

Both bioreactors had similar peak VCC at approximately 7 x 106 cells/mL (Figure 

4.1A). At the point of harvest on Day 14, the culture viability for both bioreactors was 

approximately 60%. 

 

The metabolic profiles between the two replicates were similar to one another. It 

should be noted that in this particular experiment, post-feeding metabolite samples 

were not taken. As such, only the data from the daily pre-feeding sample was 

available. In terms of glucose level, it was demonstrated that the feeding strategy (FS-

STR1) was able to maintain a low concentration of ~1 g/L by feeding the culture to a 

target of 2 g/L glucose once daily (Figure 4.1B). The lactate profiles were almost 

identical as well (Figure 4.1C). In both bioreactors, the lactate accumulated to a peak 

level of approximately 2.5 g/L before shifted to a lactate consumption metabolism. By 

Day 14 when the cultures were harvested, the lactate level was at ~0.75 g/L. It was 

thought that the reason why the lactate did not get completely depleted was due to the 

sustained glucose feeding to the cultures. The cells were evidently using the glucose 

that was fed into the culture as the glucose level in the culture measured a day after 

feeding was never at the target of 2 g/L. This suggested that the glucose had been 

used by the cells while they were exhibiting lactate consumption behaviour. At this 

point, it would be premature to say that the cells were either simultaneously utilising 

glucose and lactate or that the glucose was used preferentially over lactate because 

the measurement frequency of the metabolite data was almost every 24 hours. The 

glutamate profiles for the two bioreactors were very similar too (Figure 4.1D). The cells 

did not appear to utilise glutamate during the first 4 days of the culture but exhibited a 

high consumption rate within the following 3 days. The glutamate consumption rate 
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was so high that the feeding strategy, which initiated at Day 6, was not able to meet 

its demand. This was of particular concern as a GS-CHO culture depleted of its 

glutamate had no other means of synthesising glutamine since the media utilised in 

the fed-batch cultures had no glutamine. A lack of either of the amino acids could 

account for the slowed growth in the culture – the depletion of the glutamate appeared 

to coincide with the culture entering stationary phase at around Day 7. In terms of the 

ammonium profiles, the trends for the 2 bioreactors were similar (Figure 4.1E). 

However, STR1 reached peak ammonium of ~4 mM at the end of the culture while 

STR2 reached ~6 mM. The 50% increase in ammonium level in STR2 from STR1 was 

unaccounted for at the moment because all other measured metabolites (glucose, 

lactate and glutamate) exhibited almost identical trends.  

 

The final Mab titre achieved in both bioreactors was ~0.55 g/L (Figure 4.1F). While 

there were some deviations between the two replicates in terms of VCC and 

ammonium especially after Day 7, the titre levels were comparable at the end. This 

suggested that the glucose, lactate and glutamate profiles were the more robust 

indicators of the productivity of the cultures. While it could be said that the two 

bioreactors were replicates of one another in terms of the growth, metabolite profiles 

and titre, the fact that the glutamate level was not sustained at a non-zero level at the 

second half of the culture was of concern. 
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Figure 4.1: Off-line data of bioreactor fed-batch cultures using bioreactor feeding and operating 
strategy 1 (FS-STR1). A: VCC and viability, B: glucose concentration, C: lactate concentration, D: 
glutamate concentration, E: ammonium concentration and F: titre. 
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4.2.2 Bioreactor feeding and operating strategy 2 (FS-STR2) 

FS-STR2 was developed to address the issue of a lack of glutamate in the second half 

of the fed-batch culture. As described in Section 2.1.6.2, extra glutamate was added 

to the feed to create a single combined feed with particularly high glucose and 

glutamate concentrations. The concentration of the bicarbonate-carbonate buffer base 

solution was also increased from 0.1 M to 0.5 M to further decrease the potential 

culture volume increase from base addition. While the following experiment was 

originally supposed to be done in two replicates, one bioreactor (STR2) had a faulty 

temperature probe 3 days into the culture and it was terminated. Hence, only 1 set of 

bioreactor data (STR1) would be discussed here. 

 

The bioreactor had a peak VCC of approximately 7 x 106 cells/mL (Figure 4.2A). At 

the point of harvest on Day 18, the culture viability for the bioreactor was approximately 

25%. However, by taking a culture viability on Day 14 of the culture as a reference 

between experiments, FS-STR2 was at ~60%. This was similar to that in FS-STR1 

(Section 4.2.1). 

 

In this experiment, post-feed samples were taken from the run to check for validity of 

the feeding strategy. For the glucose profile, it could be seen that on Day 7 to 10, the 

feeding strategy was able to bring the glucose level up to the target of ~2 g/L (Figure 

4.2B). On Day 11 and onwards, it was decided to change the glucose target to 1.5 g/L. 

This was done to demonstrate that the glucose level within the culture could be 

modulated at other level without drastically changing metabolic state, i.e. a difference 

between 2 g/L and 1.5 g/L was deemed to be not significant as they were both low 

concentrations. The new glucose target of 1.5 g/L was achieved until the end of the 

culture. The higher than expected glucose level on Day 12 was due to a dispensing 

error where the feed pump was left on for a longer duration than needed. Each daily 

sample, prior to feeding, showed that the glucose level in the culture could always be 

kept at a non-zero level. This was an indication that keeping glucose level at 1.5 – 2 

g/L was not causing glucose starvation with a feeding interval of ~24 hours. This was 

similar to what was observed in FS-STR1 (Section 4.2.1, Figure 4.1B). Interestingly, 

the lactate profile of FS-STR2 did not exhibit a lactate consumption metabolism 

(Figure 4.2C) despite the glucose level was kept at a similar, if not lower, concentration 
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than in FS-STR1 (FS-STR1: Figure 4.1B & FS-STR2: Figure 4.2B). The lactate 

continued to accumulate to ~8 g/L by the end of the culture. This was in contrast to 

the lactate consumption behaviour noted in FS-STR1 where a lactate shift was 

observed at ~2.5 g/L at Day 6. While the culture in FS-STR2 had a similar lactate level 

of ~2.5 g/L at Day 6, it was unclear as to why the lactate continued to increase in FS-

STR2 as opposed to a shift to consumption in FS-STR1. Furthermore, as the feed was 

only initiated on Day 7, the fact that the lactate shift failed to appear on Day 6 or even 

by Day 7 before the feed indicated that the culture was already in a different metabolic 

state than that in FS-STR1. It should be emphasised again that while the bioreactor 

used in FS-STR2 was identical to the ones used in FS-STR1, the data from FS-STR2 

was only from a single replicate run and should be taken with a grain of salt. The 

glutamate profile in FS-STR2 was expected; the glutamate level started to increase 

on Day 7 when the feed was initiated and each subsequent feeding action resulted in 

an increase in glutamate (Figure 4.2D). While the increase in glutamate level was 

always observed after each feeding action, the magnitude of the increase was not 

consistent. This was due to the fact that FS-STR2 utilised a single combined feed with 

the objective of controlling the glucose level. Therefore, while the supplemented 

glutamate level within the feed was sufficient to raise the glutamate level in the culture, 

the glutamate level could not be kept at a controlled fashion as that of the glucose. 

The ammonium profile showed a period of accumulation in the first 6 days of the 

culture to ~3.5 mM, followed by a net consumption in the next 4 days to ~2 mM, and 

subsequently with an accumulation until the end of culture at ~4 mM (Figure 4.2E). 

This trend was similar to that of STR1 in FS-STR1. However STR1 in FS-STR1 had a 

lactate shift while the STR1 in FS-STR2 did not. This suggested that the ammonium 

profile was not a good indicator for lactate metabolism since a similar ammonium 

profile gave distinctly different lactate profiles. Furthermore, it had been thought that 

the increase in ammonium towards the second half of the culture was due to a lack to 

glutamate as observed in FS-STR1 (Section 4.2.1, Figure 4.1D&E). The lack of 

glutamate could have prevented the scavenging of the ammonium that was part of the 

glutamine synthetase reaction. However, the data from FS-STR2 suggested that even 

in the presence of glutamate and ammonium, particularly from Day 10 onwards, the 

glutamine synthetase reaction did not play a significant role in reducing extracellular 

ammonium level. In fact, during this period, reactions favouring the production of 
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ammonium were more dominant which resulted in the net accumulation of ammonium 

until the end of the culture.  

 

The final Mab titre achieved in the bioreactor was ~0.55 g/L (Figure 4.2F). It was 

demonstrated that once the culture viability was 50% or lower, there was negligible 

increase in titre. Hence, culture viability could be used as a simple harvest criteria for 

fed-batch cultures. Most industrial practices were to harvest at a higher viability of 

>70% as lower viability often resulted in more host cell proteins and enzymes in the 

cell culture fluid that could negatively affect downstream processing and product 

quality. The use of a base solution with higher concentration (0.5 M instead of 0.1 M) 

did not result in observable impact during the culture. 
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Figure 4.2: Off-line data of bioreactor fed-batch culture using bioreactor feeding and operating 
strategy 2 (FS-STR2). A: VCC and viability, B: glucose concentration, C: lactate concentration, D: 
glutamate concentration, E: ammonium concentration and F: titre. 
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4.2.3 Flaws and inconsistencies with FS-STR1 & FS-STR2 

FS-STR1 and FS-STR2 utilised a 10x concentrated version of the basal media, CD 

CHO, as the pseudo-feed. Furthermore, additional glucose was supplemented in the 

10x CD CHO to achieve a final glucose concentration of 150 g/L. This pseudo-feed 

formulation (10x CD CHO + glucose 150 g/L) was developed previously by past 

researchers in the lab. During the preparation of said pseudo-feed, several alarming 

observations were noted. Firstly, there was incomplete dissolution of the powdered 

CD CHO media used to make the pseudo-feed. Secondly, the additional glucose that 

was supplemented in the 10x CD CHO also failed to dissolve completely; this did not 

come as a surprise since the CD CHO powder failed to dissolve completely in the first 

place. Thirdly, complete dissolution was not achieved even after prolonged duration 

of stirring of >2 hours. While heating would have assisted with the dissolution process, 

it was not performed as that would degrade heat-labile components in the media; 

consistent and reproducible heating protocol would also be an issue. Fourthly, when 

the 10x CD CHO + glucose was subsequently sterile filtered, there was noticeable 

amount of residue in the retentate. This meant that the consistency of the feed for 

every preparation was highly dubious without a convenient and accurate way to 

validate it. CD CHO powder was made up to various concentrations (1x, 3x, 4x, 5x, 

7x) to determine its maximum solubility, with 1x being the equivalent of a standard 

basal media (Figure 4.3). A 10x CD CHO solution was not tested here as it had been 

shown previously that it had dissolution problems. It was demonstrated that the highest 

solubility of CD CHO was 3x as that was the highest concentration of CD CHO with 

no visible particulates. In all conditions, stirring was performed for 2 hours without 

heating. 

 

The 5 different CD CHO concentration formulations were subsequently sterile filtered 

(0.22 µm) despite 4x and above had incomplete dissolution. All filtered solutions were 

kept in the fridge to simulate the cold condition that the pseudo-feed media would need 

to be in during the bioreactor run. There were no visible particulates observed in the 

filtered pseudo-feed formulations at this point (Figure 4.4). After 24 hours in 4 °C, 

particulates were observed in several of the filtered pseudo-feed formulations (Figure 

4.5). The 7x CD CHO was most cloudy, followed by 5x CD CHO and then 4X CD CHO. 

It would appear that the media components did not come out of solution in the 3x and 
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1x CD CHO. This indicated that media components would precipitate out of the 

pseudo-feed media, for 4x concentration and above, from time to time as it would have 

been kept cold during the duration of the fed-batch culture. The non-reproducibility of 

the quality of the pseudo-feed media using a 10x CD CHO + glucose 150 g/L at both 

the preparation stage and during the culture was a major concern. 

 

 

Figure 4.3: Visual representation of the dissolution of granulated CD CHO at various 
concentration with 1x being the standard concentration of the CD CHO basal media. 

 

Figure 4.4: Visual representation of CD CHO solutions of various concentration after sterile 
filtration with filters of 0.22µm pore size.  

 

Figure 4.5: Visual representation of sterile filtered CD CHO solutions of various concentration 
after 24 hours in 4°C. 
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Apart from the inconsistencies observed during the pseudo-feed media preparation, 

there were some theoretical considerations to be made as well. Firstly, the osmolality 

of a 10x CD CHO + glucose at 150 g/L would result in a final osmolality of >3600 

mOsmol/kg assuming all components were completely dissolved. As a comparison, 

the osmolality of a standard basal media of 1x CD CHO was ~310 mOsmol/kg. The 

excessive osmolality found in the pseudo-feed media was primarily due to the fact that 

there were 10 times as much salts as the basal media; these salt components were 

not beneficial at the higher concentration. Furthermore, the extremely high osmolality 

made its addition into a culture potentially problematic since excessive osmolality, 

even in the absence of base addition, would be either detrimental to a cell culture, or 

at best, provide no benefits in the actual final titre (Shen et al. 2010). High osmolality 

had also been demonstrated to increase specific lactate production rate (Schmelzer 

and Miller 2002, Zhu et al. 2005 and Shen et al. 2010).  This could account for the 

variation in lactate profiles observed in FS-STR1 and FS-STR2 since it was 

demonstrated that dissolution and consistency issues existed for the 10x CD CHO 

formulation. 

 

It was also observed in cultures performed with FS-STR1 that the glutamate level was 

depleted after Day 6 (Figure 4.1D). FS-STR2 was modified by glutamate 

supplementation of FS-STR1 in an attempt to overcome this problem. As FS-STR2 

was a single, combined feed of the 10x CD CHO + glucose + glutamate, glutamate 

level was able to be kept >0 mM for most part of the culture (Figure 4.2D). However 

its level fluctuated because the feeding strategy was designed to keep only the 

glucose level constant. The use of a single, combined pseudo-feed media meant it 

was not possible to keep >1 metabolite constant during the culture. 

 

Taken together, it was thought that the use of a single, combined feed (FS-STR1 and 

FS-STR2) could be improved to facilitate a higher degree of control of the culture with 

respect to nutrient supply. Moreover, the feed formulation used in FS-STR1 and FS-

STR2, based on the 10x CD CHO, did not result in complete dissolution. Any 

investigation performed in fed-batch cultures utilising the inconsistent 10x CD CHO-

based formulation would likely result in a confounding outcome. 
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4.2.4 Bioreactor feeding and operating strategy 3 (FS-STR3) 

FS-STR3 was developed as part of the strategy to overcome the issues associated 

with FS-STR1 and FS-STR2 described in section (Section 2.1.6.3). Three separate 

feeds were used as part of the FS-STR3. They include EfficientFeed B as the primary 

source of the feed media, a highly concentrated glucose solution of 500 g/L as glucose 

supplement and a highly concentrated glutamate solution at 500 mM as glutamate 

supplement. EfficientFeed B was used as it was a commercially available feed media 

compatible with the basal media, CD CHO according to the manufacturer. As a feed 

media, it had sufficiently high concentration of essential media components without 

the additional salts that came associated with the 10x CD CHO formulation. Its 

osmolality was ~390 mOsmol/kg which meant that osmolality would not be an issue 

during feeding. EfficientFeed B was added as a fixed bolus volumes once daily 

according to the strategy specified in Section 2.1.6.3.The separate but additional 

glucose and glutamate stock solutions served as supplements to add to the culture if 

the glucose and glutamate levels in the culture could not be met even after the addition 

of EfficientFeed B. This flexibility allowed a more refined control of the culture of both 

the glucose and glutamate levels (c.f. Figure 4.2B&D). Two replicate bioreactor runs 

were performed were performed using FS-STR3. Unfortunately, STR1 experienced a 

period of DO below the DO setpoint of 30% air saturation. While a decision was made 

at the point of incident to continue the STR1 culture as per normal and monitor the 

effects, the data would be shown along with data from STR2 but not be discussed in 

this section. It was to be noted that the while STR1 had experienced period of low DO 

saturation, it unexpectedly outperformed STR2 in terms of growth and final titre. 

 

STR2 had a peak VCC of ~6 x 106 cells/mL respectively (Figure 4.6A). At Day 14, the 

culture viability was at ~70% which was 10% points higher than that in FS-STR1 and 

FS-STR2. This could be taken as a sign that the feeding strategy, FS-STR3, was 

slightly better at prolonging the culture duration. 

 

The glucose profile of STR2 behaved as expected with the glucose being maintained 

at the target concentration of 1 g/L after each feeding action on Day 10 onwards 

(Figure 4.6B). It was observed that the glucose level in the culture in the subsequent 

days before feeding was at zero. This indicated that a 1 g/L glucose target would not 
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be able to meet the glucose consumption rate of the cells. When compared to the 

glucose target of 2 g/L and 1.5 g/L in FS-STR2 (c.f. Figure 4.2B), it appeared that 

those glucose levels were still able to meet the cells’ demand for glucose since the 

glucose level never reached zero in those instances. Regardless, this had 

demonstrated that glucose level in the culture could be controlled at various 

concentrations (1 g/L, 1.5 g/L and 2 g/L) using the bolus approach. The lactate profile 

for STR2 was not desirable as it did not exhibit a complete metabolism shift from 

production to consumption. While it reached an initial peak of ~3 g/L before decreasing 

to ~2.5 g/L, it subsequently continued to accumulate to ~4 g/L towards the end of the 

culture (Figure 4.6C). The glutamate profile for STR2 was one that was expected too. 

Glutamate level did not decrease for the first ~5 days of the culture as was observed 

in FS-STR1 and FS-STR2. On subsequent days, glutamate consumption rate 

increased noticeably (Figure 4.6D). These glutamate-related observations appeared 

to be consistent regardless of the feeding strategy which indicated that such a 

glutamate metabolism was unique to a GS-CHO cell culture. Metabolic profiling work 

by Sellick et al. (2011) on a GS-CHO cell line showed a similar glutamate consumption 

profile. While they had used a different media from the ones used in this thesis, it still 

only contained glutamate instead of glutamine. In their work, the glutamate 

consumption was also slow in the early period of the culture but it increased 

substantially by the mid-exponential phase. The independent glutamate supplement 

strategy employed in FS-STR3 was able to consistently bring up the glutamate level 

to the target of ~1.5 mM after each feeding action. It was to be noted that while 

glutamate was present in the EfficientFeed B media that was added as part of the 

feeding strategy, the bulk of the glutamate came from the stock solution of 500 mM 

glutamate. It was also observed that the glutamate consumption rate kept increasing 

from Day 5 to Day 11. After that, the glutamate consumption rate kept decreasing until 

the end of the culture. This suggested a higher activity of glutamate metabolism was 

present between the mid-exponential phase and early stationary phase of the culture. 

This could be an indication of higher TCA activity as glutamate would be involved in 

anaplerotic reactions to replenish TCA intermediates like α-ketoglutarate via alanine 

transaminase, aspartate transaminase and glutamate dehydrogenase as shown in 

Figure 1.1. Templeton et al. (2013) had shown with metabolic flux analysis that the 

TCA flux was higher during late exponential and stationary phase than other period in 

the CHO culture. While the work by Templeton et al. (2013) was performed with dhfr-
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CHO cells, it was thought that the behaviour should still hold true for a GS-CHO cell 

line. The ammonium profile of STR2 was interesting in that it accumulated to a peak 

of ~4.5 mM before being consumed to ~2 mM and was kept approximately at that level 

until the end of the culture (Figure 4.6E). This behaviour had not been observed in 

bioreactors that employed FS-STR1 or FS-STR2. However, it should be noted that the 

bulk of the feed media in FS-STR1 and FS-STR2 was from the 10x CD CHO 

formulation while that in FS-STR3 was from EfficientFeed B. While the specific 

compositions of the CD CHO and EfficientFeed B media were not known, it was 

understood from the manufacturer that they were different. Most noticeably, the colour 

of the EfficientFeed B media was much redder than CD CHO. Since phenol red was 

not present in any of the media, the red hue was likely to be from vitamin B12 though 

this was not confirmed by experimental studies. Taken altogether, the ammonium 

profile observed in FS-STR3 might be a result of either keeping glutamate at a target 

level or the fact that a different feed media was used as compared to FS-STR1 and 

FS-STR2 which resulted in the vastly different ammonium metabolism. 

 

The final Mab titre achieved in STR2 was ~0.65 g/L (Figure 4.6F). This was 

approximately 18% higher than what was achieved in FS-STR1 and FS-STR2. This 

suggested that providing sufficient substrates like glucose and glutamate were 

beneficial to the cell culture in terms of productivity. On the other hand, glucose and 

glutamate supplementation neither improved cellular growth nor prolonged the culture 

viability. This indicated that other essential nutrient components were still lacking in 

FS-STR3. 
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Figure 4.6: Off-line data of bioreactor fed-batch cultures using bioreactor feeding and operating 
strategy 3 (FS-STR3). A: VCC and viability, B: glucose concentration, C: lactate concentration, D: 
glutamate concentration, E: ammonium concentration and F: titre. 
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4.2.4.1  Effect of NaBu addition 

Based on the acceptable outcome of the FS-STR3 which enabled a more refined 

control of the glucose and glutamate level as demonstrated in Section 4.2.4, it was 

decided to investigate the effect of NaBu addition using FS-STR3. The data from the 

single run of STR2 with FS-STR3 was to be used as the control to which the NaBu 

experiment would be compared to. In the context of this bioreactor fed-batch 

experiment, 2 mM of NaBu was achieved in the culture on Day 10 by aseptically adding 

a stock NaBu solution to the culture after feeding. Two replicate runs were performed. 

 

Both STR1 and STR2 in this experiment had a similar peak VCC of ~6 x 106 cells/mL 

(Figure 4.7A). This was comparable to that obtained in the control with no NaBu added. 

When NaBu was added, there was a noticeable decrease in viability. By Day 14, the 

control culture had a viability of ~70% while the cultures with NaBu added were at 

<60%. 

 

The glucose was once again demonstrated to be able to be maintained at ~1 g/L 

(Figure 4.7C). As the glucose level typically reached zero or near zero levels, it was 

difficult to determine if there was an extended period of glucose starvation between 

feeding. This was the case for both the control and NaBu conditions. It was also 

observed that the glucose consumption rate was higher in the NaBu culture (before 

NaBu was added) than in the control culture. This was particularly obvious between 

Day 3 and Day 6 where the same feeding strategy was able to keep the glucose level 

in the control culture above 5 g/L while not being able to do so in the NaBu cultures. 

This could be attributed to the higher seeding density of 0.3 x 106 cells/mL used in the 

NaBu cultures than the 0.2 x 106 cells/mL in the control culture. The higher seeding 

density resulted in a faster growth in the NaBu culture, which resulted in more glucose 

being consumed in the same time period between Day 3 and Day 6. In the case of 

lactate, the addition of NaBu did not appear to promote a shift to the lactate 

consumption behaviour (Figure 4.7D). In fact, it seemed to cause an extension of the 

period where there was minimal net change in lactate after Day 10 when NaBu was 

added. The lactate levels in the NaBu cultures were also generally higher than in the 

control culture possibly due to the higher cell density that contributed to more lactate 

production. This was likely due to the increased glucose consumption rate that led to 
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faster accumulation of lactate; this phenomenon was already present before the NaBu 

addition on Day 10. Likewise with glucose, the glutamate level was shown to be 

controlled at the target level after feeding (Figure 4.7E). The addition of NaBu did not 

appear to influence the glutamate profile when compared to that of the control. In terms 

of ammonium, the NaBu and control cultures appeared to have similar profiles (Figure 

4.7F). The main difference was observed after the NaBu addition on Day 10 where the 

control culture gradually accumulated ammonium while the NaBu cultures gradually 

consumed ammonium until the end of the cultures. A similar phenomenon was also 

observed in the shake flask fed-batch screening experiment in Section 3.4.9 where 

cultures had lower ammonium accumulation upon NaBu addition.  

 

The final Mab titre for the NaBu cultures was ~0.55 g/L and ~0.7 g/L for STR1 and 

STR2 respectively (Figure 4.7G). Given that the metabolic profiles between the two 

bioreactors were similar, it was thought that the difference in titre was due to the cIVCD 

(Figure 4.7B); STR1 had more cells and thus produced more Mab. The averaged Mab 

titre of these 2 replicates was ~0.63 g/L. This was in fact very close to that of the 

control culture of ~0.65 g/L. This result was also similar to the shake flask fed-batch 

screening experiment (Section 3.4.9) where NaBu addition at late exponential phase 

did not improve titre but ended up with a similar titre as the control culture in that 

experiment. It would appear that that the effects of NaBu stayed the same in fed-batch 

cultures, be it in 1 L shake flask or 5 L bioreactor. However, it should be noted that the 

feed strategy employed in that shake flask experiment (FS-SF1) was different from the 

one in the bioreactor experiment in this section (FS-STR3). There was also a lack of 

pH control in the shake flask experiment. Despite so, both experiments ended up with 

the same result in which NaBu addition at late exponential phase did not increase the 

titre but was similar to that of a control. This would suggest that scaling a cell culture 

process which utilised NaBu as an additive would not likely to end up with unexpected 

side effects with regards to productivity. Though the decrease in viability at the point 

of harvest might be less desirable as the subsequent increased levels of host cell 

proteins and enzymes in the cell culture fluid could negatively affect downstream 

processing and product quality. Finally, this would also suggest that the behaviour 

observed for the addition of NaBu at earlier time points in the culture could be 

replicated in a bioreactor system as had been performed in the shake flask system. 
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Figure 4.7: Off-line data of bioreactor fed-batch cultures in the presence of 2 mM NaBu on Day 
10 and a control culture (no NaBu) using FS-STR3. A: VCC and viability, B: cIVCD, C: glucose 
concentration, D: lactate concentration, E: glutamate concentration, F: ammonium concentration and 
G: titre. 
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4.2.5 Bioreactor feeding and operating strategy 4 (FS-STR4) 

While considerable efforts had been made to improve the feeding strategy for 

bioreactor cultures, from FS-STR1 to FS-STR2 to FS-STR3, it was decided to further 

optimise the feeding strategy. Whereas previous goals were to better control the 

reproducibility of the feed preparation and to demonstrate modulation of specific 

nutrients like glucose and glutamate, the main goal for this final iteration of feed 

optimisation was to simplify the feeding strategy. FS-STR4 was created based on the 

following observations from previous experiments with the older iterations of the 

bioreactor feeding strategy: 

a) Glutamate at near zero levels did not appear to affect viability while cultures 

with glutamate level controlled at 1.5 mM or higher did not have improved 

culture viability.  

b) Cultures with FS-STR1, FS-STR2 or FS-STR3 always had viability at ~70% or 

lower at Day 14. 

c) Use of base solution with higher concentration, from 0.1 M to 0.5 M, did not 

result in observable cell death. 

Furthermore, FS-SF1 was demonstrated to work reasonably well in the shake flask 

scale. It was thought that the same feeding strategy should be adopted at the 

bioreactor scale. This would help streamline the feeding strategy across various 

scales. Observations from shake flask fed-batch cultures that had employed FS-SF1 

(Section 3.4.3) had shown that glucose levels could be kept at >2 g/L with no need for 

additional glucose supplementation. It was also demonstrated that FS-SF1 could keep 

glutamate levels above the non-zero value throughout the culture. The culture viability 

at Day 14 was also at least 70% or higher. Moreover, the low osmolality profile 

throughout the shake flask fed-batch culture suggested it could serve as an offset to 

the osmolality contribution from base addition in a pH-controlled environment of a 

bioreactor system. A theoretical consideration was also made with regards to the 

volume increase in the bioreactor due to feed media addition and the potential need 

for more base addition in the experiment using FS-STR4 than FS-STR1, FS-STR2 or 

FS-STR3. It was decided that the use of a 1 M NaOH as the base solution would 

reduce the volume contribution from base addition sufficiently. A lower initial culture 

volume was also to be implemented to allow sufficient headspace in the 5 L bioreactor 

with at least a 14 days fed-batch culture and base additions. The specific conditions 
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and strategy of FS-STR4 could be found in Section 2.1.6.4. It was to be noted that the 

overall gas flow rate was increased from the usual 100 cm3/min in previous strategies 

to 200 cm3/min to avoid the situation of DO being below the target level as observed 

in STR1 in Section 4.2.4. The FS-STR4 was subsequently tested in duplicates and the 

data would be used as the control to which other cultures utilising FS-STR4, that had 

some modifications, would be compared with. 

 

The data of the baseline FS-STR4 was remarkably similar between the two STR. Both 

STR1 and STR2 had a peak VCC of ~8 x 106 cells/mL (Figure 4.8A). The viability at 

Day 14 was ~70% for both STR. Simply from the point of view of VCC and viability, 

the baseline FS-STR4 had the best replicate data compared with all the other 

experiments with the older iterations of the bioreactor feeding and operating strategies.  

 

The glucose profiles between the two STR were almost identical (Figure 4.8D). It was 

to be noted that feeding was accidentally missed on Day 3 when the glucose level was 

low enough (i.e. <3 g/L) to trigger the feed initiation of FS-STR4. Feed was 

subsequently initiated on Day 4 when glucose was closer to 1 g/L. The feeding strategy 

demonstrated that it was able to maintain a fairly constant glucose level at ~1 g/L 

starting from Day 7 onwards. This came as a surprise because it meant the glucose 

consumption rate of the cells matched the glucose addition rate from the bolus addition 

of feed from Day 7 onwards which resulted in the pseudo-steady state of glucose in 

the culture. Furthermore, this phenomenon was never observed in any shake flask 

fed-batch experiments described in this thesis that had employed the shake flask-

equivalent of the FS-STR4, which was the FS-SF1 (c.f. Section 3.4.3). The minimum 

glucose level in FS-SF1 control cultures was also higher than the FS-STR4. This 

indicated that the glucose consumption rate was higher for cells in a bioreactor than a 

shake flask environment. This was likely due to the controlled pH environment in the 

bioreactor where the pH was kept at pH 7.2 whereas the culture pH in the shake flask 

would typically be lower due to acidification from the lactate production in the absence 

of base addition. Higher culture pH had been reported to promote glucose utilisation 

(Ozturk and Palsson 1991, Miller et al. 2000, Osman et al. 2001). The lactate profiles 

between the two STR were almost identical too (Figure 4.8E). Both STR peaked at ~6 

g/L before the desirable lactate shift to consumption metabolism started. Lactate 

consumption persisted until the end of the culture. In the case of the glutamate, both 
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STR also exhibited remarkable overlap with one another (Figure 4.8F). While there 

was a significantly higher glutamate consumption rate between Day 7 and Day 9 when 

the FS-STR4 was unable to match, the glutamate consumption rate for the rest of the 

culture was sufficiently met by the feeding strategy. In fact, there was a net increase 

in glutamate after Day 10 until the end of the culture. Safe to say, the FS-STR4 was 

able to keep glutamate levels above zero throughout the culture. Interestingly, 

extracellular glutamine was detected on Day 12 onwards for both STR (Figure 4.8G). 

Since the feed media did not contain glutamine, the glutamine in the culture had to 

have originated from the cells. It was unclear as to why the glutamine would be 

secreted at such high concentration relative to that of the glutamate. Given that 

glutamine was an essential metabolic substrate, it was thought that the glutamine 

synthesised by the cells would not had been excreted into the media at such relatively 

high concentration observed here. Duarte et al. (2014) cultivated GS-CHO in 

customised CD CHO media with low asparagine levels throughout a batch culture and 

showed that both glutamate and glutamine levels increased during the stationary 

phase of their culture. This phenomenon was similar to what had been observed in the 

control FS-STR4 runs. While asparagine was not measured in the bioreactor runs, the 

trend in glutamine and glutamate suggested that a low asparagine level was somehow 

maintained in the two STR via the FS-STR4. They, however, did not provide a reason 

for the accumulation of these two amino acids. For the ammonium profiles, both STR 

again demonstrated very high reproducibility (Figure 4.8H). There were two local 

maxima of ammonium, first on Day 4 at ~2 mM and then on Day 10 ~4.5 mM. After 

Day 11, the ammonium dropped drastically to ~1.5 mM and was kept around that level 

until the end of the culture. The similar work by Duarte et al. (2014) as described above 

for the phenomenon in glutamine and glutamate indicated that a low asparagine level 

in the culture would result also in significant ammonium accumulation. However, the 

opposite was observed in the control FS-STR4 runs. This pointed to the fact that low 

asparagine level was not the only factor responsible for the increased levels of 

glutamine and glutamate & a decreased level in ammonium during the stationary 

phase in the control FS-STR4 runs, especially since it could not account for the latter 

phenomenon. The fact that the work presented here was in fed-batch bioreactor as 

opposed to their batch shake flask meant several other parameters were unaccounted 

for as well. Regardless, the effects of low asparagine level as reported by Duarte et 
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al. (2014) could serve as an insight to further optimise the current feeding strategy for 

future work. 

 

Unsurprisingly, the final Mab titre was also similar between the two STR at ~0.9 g/L 

(Figure 4.8I). The high reproducibility of data between the two STR in the control FS-

STR4 for all measurable parameters from VCC to metabolites and titre implied that 

the FS-STR4 was an effective and robust feeding and operating strategy suitable for 

a fed-batch bioreactor culture. It should also be pointed out that neither the use of 1 M 

NaOH as the base solution nor a change of gas flow rate from 100 cm3/min to 200 

cm3/min had any visible negative impact the culture. Particularly, the latter modification 

with respect to gas flow rate appeared to resolve the “DO drop” situation observed in 

previous iterations of the bioreactor feeding and operating strategy. 
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Figure 4.8: Off-line data of bioreactor fed-batch cultures using bioreactor feeding and operating 
strategy 4 (FS-STR4). A: VCC and viability, B: cIVCD, C: osmolality and base addition, D: glucose concentration, E: lactate 

concentration, F: glutamate concentration, G: glutamine concentration, H: ammonium concentration, I: titre, J: specific glucose 
consumption, K: specific lactate production, L: specific glutamate consumption, M: specific glutamine consumption, N: specific 
ammonium production and O: specific productivity. 
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4.2.5.1  Effect of biphasic culture temperature 

With the FS-STR4 baseline firmly established, different investigations into how 

process parameters and use of additive could influence growth, metabolism and 

productivity were carried out. Worth noting, while the use of NaBu had been 

investigated using FS-STR3 (Section 4.2.4.1) instead of FS-STR4, the observation 

that NaBu did not improve but resulted in a similar titre as that of a control in FS-STR3 

was thought to hold true should the FS-STR4 had been used. The first of the several 

investigations was on the effect of biphasic temperature shift on growth, metabolism 

and productivity in a bioreactor system. 37°C was used from the onset of the culture. 

A temperature shift from 37°C to 32°C was then triggered on Day 7 of the bioreactor 

culture which was also the late exponential phase of the culture.  

 

The peak VCC for both temperature shifted STR was ~7 x 106 cells/mL (Figure 4.9A). 

The viability at Day 14 was >80% for both STR. The prolongation of culture viability 

could be attributed to the mild hypothermia introduced on Day 7 of the bioreactor 

cultures. This phenomenon was consistent with the observations noted in the 

equivalent mild hypothermia investigations in shake flask batch cultures (Section 

3.3.3.1) and shake flask fed-batch cultures (Section 3.3.3.2). 

 

The trends in the glucose profile of both temperature shifted STR were similar (Figure 

4.9D). While the control cultures went 7 days into the experiment before the pseudo-

steady state of glucose at ~1 g/L was achieved, the temperature shifted cultures took 

almost twice as long to reach the ~1 g/L glucose mark but without the pseudo-steady 

state. The latter scenario appeared to result in a gradual and net decrease of glucose 

level in the culture as the cultures progressed. This would suggest that the glucose 

consumption rate was higher during the stationary phase of the cultures with 

temperature shift than the control cultures. This would account for why the glucose 

from the feeding was unable to meet the demand of the cells and resulted in the 

glucose level to reach zero at the end of the temperature shifted cultures but not the 

control cultures. The lactate profiles were also comparable between the two 

temperature shifted STR (Figure 4.9E). The introduction of mild hypothermia on Day 

7 appeared to prevent the lactate metabolism shift from production to net consumption. 

In fact, the lactate levels hardly decreased and plateaued off after Day 7, apart from 
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the dilution from feed additions. It was interesting to note that even though the glucose 

consumption rate was higher, it still did not cause the lactate, a by-product of glucose 

consumption, to accumulate further. This further suggested that the mild hypothermia 

appeared to have only suppressed the lactate consumption rate to an extent that it 

matched the lactate production from the glucose consumption. This subsequently 

resulted in the pseudo-steady state that was observed for lactate in the mild 

hypothermia condition instead of the more significant consumption seen in the control 

cultures. Interestingly, the data from the shake flask equivalent of this experiment 

(Section 3.3.3.2) showed a net accumulation of lactate. The culture pH (lack of pH 

control) was a likely cause for such a discrepancy given that everything else was 

similar between the shake flask and bioreactor system. The glutamate metabolism 

appeared to have slowed down by the mild hypothermia (Figure 4.9F). In both 

temperature shifted STR, the glutamate was consumed most rapidly between Day 9 

and Day 11. This was in contrast to the control cultures where such an occurrence 

happened between Day 7 and Day 9. Such a delay in the presence of mild 

hypothermia was also observed in the shake flask equivalent experiment (Section 

3.3.3.2), albeit it was only by 1 day instead of 2 days in bioreactor. With respect to 

glutamine, the bioreactors with the mild hypothermia condition did not have detectable 

extracellular glutamine in the last 5 days of the cultures while the control cultures 

accumulated glutamine in the same period. For the ammonium profiles, both 

temperature shifted STR behaved similarly (Figure 4.9G). After the introduction of mild 

hypothermia on Day 7, the ammonium was consumed to a larger extent than in the 

control cultures but the former also took longer to do so (6 days vs. 3 days). The 

subsequent accumulation of ammonium then became slower in the mild hypothermia 

cultures than the control cultures. This phenomenon was also observed in the shake 

flask equivalent experiment (Section 3.3.3.2) where the culture with temperature shift 

at late exponential showed a larger consumption of ammonium after the initial 

accumulation than the control culture; the former culture then accumulated ammonium 

to a similar level as that of the control culture. This was perhaps indicative of what the 

ammonium profile would look like should the bioreactor runs had been cultivated 

beyond Day 15.  

 

The final Mab titre for both temperature shifted STR was ~0.6 g/L (Figure 4.9H). The 

use of mild hypothermia at Day 7 appeared to have reduced the final titre on Day 15 
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by ~33% when compared to the control culture on the same day. It was also evident 

that the change in titre production occurred after the temperature shift because that 

was when the curve deviated from that of the control culture. While the shake flask 

equivalent experiment (Section 3.3.3.2) suggested that a ~14% improvement in titre 

could be obtained if mild hypothermia was introduced at late exponential stage, this 

improvement was not observed in the bioreactor experiment. A ~14% improvement in 

titre from a control bioreactor culture would mean the expected titre of a bioreactor run 

with mild hypothermia at the late exponential stage to be ~1.03 g/L. This theoretical 

value would be ~72% more than the observed titre in the bioreactor experiment. While 

the titre for the mild hypothermia bioreactor runs would have increased further if the 

culture duration was extended, it was unlikely for the titre to reach that projected level. 

Past PhD thesis data from a similar mild hypothermia experiment had only seen a 

~20% improvement in titre when compared to a control culture and that was with an 

extra 7 days of culture duration for the mild hypothermia condition (Velez-Suberbie 

2013); a longer culture duration may not be practical in a manufacturing setting. The 

potential ~72% increase in titre was also not observed in any of the tested conditions 

in the shake flask equivalent experiment; the best case scenario in titre improvement 

was ~43% when compared to the control (Section 3.3.3.2). This further indicated that 

the metabolic state of the cells was different between the two scales with the shake 

flask scale being the one with the higher productivity when mild hypothermia was 

introduced at late exponential stage. An implicit explanation for this was that a lack of 

pH control or a lower range of pH in the culture, as one would expect in a shake flask 

instead of a bioreactor, made the cells more productive. It should also be pointed out 

that a metabolism shift from lactate production to consumption was observed in the 

control and mild hypothermia conditions in the shake flask fed-batch cultures and the 

control condition in bioreactor fed-batch culture but such a metabolism shift was 

missing in the mild hypothermia condition in the bioreactor. 
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Figure 4.9: Off-line data of bioreactor fed-batch cultures with biphasic culture temperature from 
37°C to 32°C at Day 7 and control cultures (37°C, no temperature shift) using FS-STR4.  A: VCC 

and viability, B: cIVCD, C: osmolality and base addition, D: glucose concentration, E: lactate concentration, F: glutamate 
concentration, G: ammonium concentration, H: titre, I: specific glucose consumption, J: specific lactate production, K: specific 
glutamate consumption, L: specific ammonium production and M: specific productivity. 
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4.2.5.2  Effect of low pH 

The next investigation on how changes in process parameters could influence growth, 

metabolism and productivity was carried out by operating the cell culture at a lower pH 

setpoint in the bioreactor than one would typically use. The pH setpoint was pH 7.1 for 

all cultures with FS-STR1, FS-STR2 and FS-STR3. In FS-STR4, pH 7.2 was used as 

the default setpoint. However, in this particular investigation, pH 6.9 was used while 

all other aspects of the FS-STR4 were still employed in the duplicate bioreactor runs. 

 

The peak VCC for the low pH culture STR1 and STR2 was ~4 x 106 cells/mL and ~3 

x 106 cells/mL (Figure 4.10A). This was in contrast to that of ~8 x 106 cells/mL in the 

control cultures which had operated at pH 7.2. Even more surprising was the 

prolongation of the culture viability at the low pH condition. Both the STR1 and STR2 

with low pH were able to have a culture viability of ~90% at Day 21 while the viability 

for the control cultures was already at ~80% at Day 14. This indicated that while a low 

pH had inhibited growth, it did not contribute to a reduction of culture viability. 

 

The trigger for the feed initiation in this low pH experiment was delayed by several 

days (Figure 4.10D). The glucose threshold for the feed initiation took a longer time 

due to the lower glucose consumption rate and the lower cell number. In fact, the 

glucose addition rate from the feed additions was much higher than the glucose 

consumption rate, so much so that glucose level in the culture rose to ~9 g/L within 3 

days of feeding. Subsequent feeding did not further increase the glucose level and the 

level hovered around 8 g/L until the end of the culture. Even though the glucose level 

was almost twice that of the initial value in the basal media, osmolality was not an 

issue (Figure 4.10C). In fact, osmolality in the low pH cultures had minimal fluctuations. 

The lactate profiles for the low pH cultures was surprising because they never 

exceeded 0.5 g/L throughout the entire culture duration even though the glucose 

concentration was kept at a relatively high level (Figure 4.10D & E). This was in 

contrast to the peak lactate of ~6 g/L in the control cultures. While the control cultures 

had almost double the cell count as the low pH cultures, this reason alone could not 

account for the ~12 times reduction of lactate level in the low pH cultures. This implied 

that a low pH had in fact reduced the rate of lactate production by the cells by a 

significant extent as seen in Figure 4.10E & J. It was hypothesised that the low pH had 
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move the cellular metabolism away from the generation of lactate from pyruvate, and 

towards the conversion of  acetyl-CoA from pyruvate. This efficient use of glucose and 

increased influx of intermediates into the TCA cycle could account for the significant 

reduction in lactate production from the glycolysis pathway. As a bonus benefit, the 

low lactate levels did not prompt the addition of base solution throughout the entire 

culture duration. This was also a reason for the relatively stable osmolality observed 

in the low pH culture compared to the control cultures where a noticeable increase in 

osmolality could be correlated to the addition of base solution due to the accumulation 

of lactate. The glutamate consumption rate appeared to be higher in the low pH 

cultures than the control, particularly within the first 10 days of the culture (Figure 4.10F 

& K). The cells in low pH cultures started to consume glutamate rapidly within the first 

day of the culture while those in the control only showed such sign within 5 days into 

the culture. Such a distinct change in glutamate consumption behaviour suggested 

that the low pH environment had favoured the utilisation of glutamate, possibly to 

convert it to the TCA intermediates like α-ketoglutarate. This would make sense as a 

higher TCA flux was implied earlier when the lactate formation was severely reduced. 

Therefore, the anaplerotic reactions to replenish the TCA cycle with TCA intermediates 

would be enhanced and account for the utilisation of glutamate on the onset of the 

cultures. The ammonium profiles between the two low pH cultures were similar in that 

they peaked at ~7 mM and subsequently plateaued off until the end of the cultures 

(Figure 4.10G). One could say that the relatively high ammonium concentration at 

which the cells were in for ~10 days did not have a significant detrimental effect on the 

culture viability. 

 

The final Mab titre for the low pH culture STR1 and STR2 was ~1.3 g/L and ~1.0 g/L 

(Figure 4.10H). The averaged peak titre of ~1.15 g/L from the low pH cultures was 

about 28% higher than the control cultures, though the former was taken at Day 21 

while the latter at Day 14. It should also be pointed out that while the low pH cultures 

were terminated at Day 21, the relatively high viability at which they were at (~90%) 

suggested the possibility of extending the culture further to produce more Mab. The 

high viability and low VCC in the low pH cultures could also mean that impurity 

production associated with HCP would be lower than the control cultures. This would 

however require a longer culture duration which may not be practical in a 

manufacturing setting. Regardless, the use of a low pH of pH 6.9 in the given 
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experimental conditions was able to improve the productivity at a compromise on cell 

growth. This demonstrated that the optimisation of the operating conditions for a 

bioreactor culture should not be based on any single parameter like VCC but a 

multitude of parameters to allow the determination of trade-offs between those 

parameters.  
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Figure 4.10: Off-line data of bioreactor fed-batch cultures with low pH of 6.9 at start of the culture 
and control cultures using FS-STR4. A: VCC and viability, B: cIVCD, C: osmolality and base addition, D: glucose 

concentration, E: lactate concentration, F: glutamate concentration, G: ammonium concentration, H: titre, I: specific glucose 
consumption, J: specific lactate production, K: specific glutamate consumption, L: specific ammonium production and M: specific 
productivity. 
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4.2.5.3  Effect of Cu addition 

One other investigation was performed to evaluate the effect of copper addition on the 

growth, metabolism and productivity of bioreactor fed-batch cell culture. This was 

implemented as part of a further investigation of the use of additives in fed-batch cell 

cultures that had been previously carried out in shake flasks (Section 3.4.9). Copper 

was supplemented at 1 µM in both the basal media and feed media of the fed-batch 

culture to ensure there was no dilution of the copper during feeding. No other 

deviations were made from the FS-STR4 that was used for this experiment. 

 

The biggest surprise from this experiment was that the duplicate data from this 

experiment was almost identical to that of the control cultures. The data plots as shown 

in (Figure 4.11) were overlapping one another nicely between the two conditions. The 

only exception was the glucose plot where the initiation of feed in the copper 

supplemented culture was when glucose was closer to 3 g/L while the control was 

closer to 1 g/L, with both on Day 4 (Figure 4.11D). The lower glucose threshold was 

due to a higher seeding density used in the control cultures than the copper 

supplemented cultures. Seeding density for the former and latter was 0.5 x 106 

cells/mL and 0.3 x 106 cells/mL respectively. The head-start from the higher seeding 

density meant the larger increase of cells in the control cultures used glucose more 

quickly than that in the copper supplemented cultures. This could account for the slight 

delay in the pseudo-steady state of glucose at ~1 g/L for the copper supplemented 

cultures due to the slower consumption. This lower seeding density and subsequent 

lower consumption rates would also account for the lag in the lactate and glutamate 

profiles observed in the copper supplemented cultures (Figure 4.11E & F). The lack of 

significant differences in the lactate profiles apart from the lag suggested that the 

copper supplementation was irrelevant in FS-STR4 as its presence neither reduced 

the peak lactate concentration nor induced an earlier lactate shift in the culture.  

 

The final Mab titre at Day 14 for the copper supplemented cultures and control cultures 

was ~0.8 g/L and ~0.9 g/L respectively (Figure 4.11I). The ~10% decrease in Mab titre 

in the copper supplemented cultures could be attributed to the higher seeding density 

in the control cultures. This resulted in a ~10% lower cIVCD of the copper 

supplemented cultures than control cultures which was consistent with the lower Mab 
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titre at Day 14 (Figure 4.11B). Apart from some lags attributable to the difference in 

seeding density, there was no appreciably distinction between all other measured cell 

culture data between the two conditions. It could be said that the addition of copper 

did not have any apparent benefit to the bioreactor fed-batch cultures. This 

corroborated with the observations in the shake flask equivalent experiment from 

Section 3.4.5.4 where it was concluded that Mab titre in both the copper supplemented 

and control conditions was similar. 
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Figure 4.11: Off-line data of bioreactor fed-batch cultures supplemented with 1 µM Cu in basal and feed media and 
control cultures (no Cu supplementation) using FS-STR4. A: VCC and viability, B: cIVCD, C: osmolality and base addition, 
D: glucose concentration, E: lactate concentration, F: glutamate concentration, G: glutamine concentration, H: ammonium 
concentration, I: titre, J: specific glucose consumption, K: specific lactate production, L: specific glutamate consumption, M: 
specific glutamine consumption, N: specific ammonium production and O: specific productivity. 
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4.3 Scaling up from 5 L to 50L 

A scale-up from the 5 L STR to a 50 L SUB was subsequently performed by keeping 

the specific power input (P/V) constant and a relatively comparable VVM between the 

two scales. The specific operating conditions and off-line cell culture data for both the 

5 L STR (2 replicates) and 50 L SUB (1 replicate) could be found in Table 2.3 and 

Figure 4.12 respectively. In these three runs, copper supplementation of 1 µM had 

been used in the basal media and the feed media had been supplemented with copper 

to the same extent. It should be pointed out that the 5 L STR runs and 50 L SUB run 

were not conducted simultaneously; the fed-batch bioreactor experiments at the two 

different scales were performed on separate occasions. 

 

A small difference was observed for the VCC between the two scales. The peak VCC 

for the 5 L STR runs was approximately 8x106 cell/mL whereas that of the 50 L SUB 

was closer to 11x106 cell/mL (Figure 4.12A). While efforts had been given to scale up 

the bioreactor from 5 L to 50 L based on a constant specific power input, it was 

unavoidable that there were other parameters that did not scale as proportionally (refer 

to Table1-operating parameters). For instance, the tip speed and VVM were 

respectively 23% and 15% higher in the 50 L than in the 5 L. A higher VVM had been 

reported to be more effective in stripping out the CO2 in the culture, particularly during 

the exponential phase when cells were growing most rapidly (Sen et al. 2017). While 

pCO2 was not determined, it was believed that the higher rate of CO2 stripping (i.e. 

less CO2 accumulation) contributed to the higher peak VCC in the 50 L compared to 

the 5 L. The kLa had been determined from the data of the off-gas analyser that was 

connected to the bioreactors during the duration of the cultures (Figure 4.13). Data 

showed the kLa was higher in the 50 L SUB (~7.5 h-1) than the 5 L STR (~5 h-1) 

between Day 5 and Day 10. The higher oxygen mass transfer in the 50 L system than 

the 5 L system, particularly during the exponential phase of the cultures, could also 

account for the higher peak VCC observed in the former (Figure 4.12). With oxygen 

being more available to the cells in the 50 L than the 5 L, it would make sense that the 

growth was better in the former. 

 

The higher kLa in the 50 L system could have been due to the double impeller 

configuration in the 50 L as opposed to the single impeller configuration in the 5 L. The 
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specific power input used for the scaling up process was not an issue here as the P/V 

was calculated based on the final fill volume in the culture, i.e. 5 L in the 5L bioreactor 

and 50 L in the 50 L bioreactor where the 2 impellers in the 50 L bioreactor and the 1 

impeller in the 5 L bioreactor are fully submerged in the culture. With the double 

impeller configuration in the 50 L bioreactor and the existing feeding and operating 

strategy (FS-STR4), the culture would initially come in contact with 1 impeller (Figure 

4.14). Only after several days of feeding and base addition had been performed did 

the overall culture volume increase to an extent that completely submerged the 2nd 

impeller. This was not observed in the 5 L bioreactor since there was only 1 impeller 

in that system. The increase in culture volume that submerged the 2nd impeller in the 

50 L bioreactor did not appear to cause any negative impact. In fact, it seemed to have 

maintained a more constant kLa in the 50 L than the 5 L. In the same time period when 

the initial culture volume was increased sufficiently to submerge the 2nd impeller in 

the 50 L at approximately Day 7 (Figure 4.15), the VCC in the 50 L started to increase 

more than the 5 L (Figure 4.12A). This suggested that the culture was better aerated 

in the 50 L than the 5 L and hence was able to support the higher VCC. Alluded to 

earlier was the fact that there were no negative impacts observed with regards to the 

transition of culture interacting with 1 impeller to 2 impellers in the 50 L. Particularly, 

possible shearing at the end of 2nd impeller (top) as it went from not submerged to 

completely submerged did not result in an observable decrease in viability of the cells 

during that period (Figure 4.12A). In fact, the viability was higher in the 50 L than the 

5 L. 

 

The difference in impeller numbers between the two bioreactor systems was not part 

of the scale-up study. The initial fill volume of 25 L in the 50 L bioreactor was able to 

submerge the 1st impeller. This was done so to emulate the proportional 2.5 L in the 

5 L bioreactor. The initial fill volume for the 50 L bioreactor was not modified in such a 

way that both of its impellers would be submerged as that scenario was not 

reproducible in the smaller 5 L scale. Therefore, the rationale was to make the 5 L run 

the reference to which the 50 L was to replicate as closely as possible, within each of 

their design constraints. Hence, in this scale-up study, the number of impeller did not 

warrant a large consideration. As discussed earlier in this section, data suggested that 

there were no negative impacts directly related to the presence of the 2nd impeller. 
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On the other hand, a higher kLa seemed to have been sustained which appeared to 

be correlated to the 2nd impeller being present. 

 

The higher tip speed present in the 50 L did not seem to have any deleterious effect 

on the cell viability. Even though the viability data suggested that the viability was 

dropping for the first 2 days of the 50 L culture, it was ultimately determined that the 

lower viability value was due to an error in sampling – dead volume in the sample line 

was not thoroughly removed prior to the actual sampling. The fact that the VCC 

increased while the viability dropped during this period also supported the theory. 

Furthermore, after the sampling technique had been improved on Day 3, the VCC and 

viability values returned to their expected values. Interestingly, despite the difference 

in the VCC between the 5 L and 50 L runs, all other data (Figure 4.12) showed a 

comparable trend. Particularly, the final titre for both scales were remarkably similar 

at ~0.8 g/L (Figure 4.12I) despite the difference in VCC. The lower specific productivity 

(Figure 4.12O) in the later stage of the 50 L culture was compensated for by the higher 

cIVCD (Figure 4.12B) which caused the final titre levels in both scales to be 

comparable. This indicated that perhaps the scale-up process was robust enough with 

respect to titre production despite the slight deviation in the VCC. 

 

Across the different scales, the lactate concentration always peaked at approximately 

6 g/L before the desirable lactate consumption behaviour presented itself, albeit with 

an approximately 2-days delay between the two scales (Figure 4.12E). This 2-days 

delay in a metabolism shift was also observed for the other major metabolites that had 

been measured – glutamine, glutamate and NH4+. This phenomenon could be 

accounted for by the higher viable cell count observed in the 50 L SUB than the 5 L 

STR and consequently, a higher consumption rate of nutrients. This could be seen 

quite clearly in the glucose concentration plot (Figure 4.12D). Given that the bolus feed 

strategy was kept constant during the scale-up, the feeding was clearly unable to 

sustain the accelerated consumption rate of glucose in the 50 L. This resulted in a 

consistent and distinct gap between the glucose concentration in the 50 L and 5 L 

during the exponential growth phase. It was by no chance that this was also when the 

difference in VCC between the two scales was first observed. Across both scales, the 

subsequent decrease of glucose concentration to approximately 1 g/L coincided with 

the shift in metabolism to that of lactate consumption. The lowering of the glucose 
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(carbon substrate) for cells has been known to elicit such a metabolism shift or to the 

extent it reduced lactate production (Glacken et al. 1986, Zhou et al. 1997). 

 

It was also noted that from the start of the culture to the mid-exponential phase, the 

consumption rate of glutamate was relatively low for all bioreactor runs. It was until 

around Day 7 that a sharp increase in the consumption rate of glutamate was 

observed, with the 50 L being higher than that in the 5 L. This drastic change appeared 

to be independent of the extracellular glucose concentration because it happened at 

both the low glucose concentration during the 50 L and the relatively high glucose 

concentration during the 5 L runs. Taken together with the fact that the 50 L had a 

higher VCC, the drastic change in glutamate metabolism was very likely to be due to 

other nutrients, be it single or multiple components not measured in these cases, being 

depleted. It would make sense that such a depletion rate will be higher in a cell culture 

with higher VCC and when the feeding was the same for all cell cultures. This distinct 

drop in the glutamate concentration was also observed in all cell cultures performed 

in the shake flask batch mode, albeit the effect was delayed by only a short duration 

when performed in a fed-batch manner. This suggested that the current media feed 

that was utilised was still lacking in certain compound(s) that the cell culture may need 

to sustain a particular mode of growth. As the current feeding strategy employed in the 

bioreactor runs was not fully optimised for either growth or productivity, it was not 

surprising to find nutrients to be lacking as the cell culture progressed. Even though 

not all extracellular metabolites were quantified, it was believed that asparagine would 

be one of those nutrients that had very high consumption rates in the cell culture. CHO 

cells had been reported to exhibit very high utilisation rate for asparagine and other 

amino acids in the GS expression system as opposed to the DHFR- system (Zhou et 

al. 1997, Carinhas et al. 2013, Duarte et al. 2014). In fact, out of all the amino acids 

utilisation rates, asparagine was the highest, followed by serine and aspartate, in GS-

CHO cells grown in the same CD CHO basal media that was used for the cell culture 

work in this thesis (Carinhas et al. 2013). 

 

Another interesting observation was the inverse relationship between the glutamate 

and glutamine concentration (Figure 4.12F & Figure 4.12G). The basal and feed media 

employed in these three bioreactor runs are glutamine-free. As the culture progressed, 

the extracellular glutamate concentration continued to drop while the extracellular 



Page 228 of 308 
 

glutamine was not detected. However, as the cell cultures progressed to Day 10-11 

when the extracellular glutamate concentration became very low or close to complete 

depletion, the extracellular glutamine concentration increased continuously till the end 

of the culture where its production rate ultimately slowed down. As alluded to earlier 

with respect to the utilisation of glutamine-free media, the glutamine present in the 

later stage of the cultures had to have been produced endogenously by the cells which 

were subsequently secreted into the cell culture supernatant. However, the production 

of glutamine was carried out during a period when there was very low level of 

glutamate present (after Day 10). Despite the fact that glutamine could be synthesised 

in the cell cytosol using the GS pathway in a 1:1 molar ratio with glutamate and 

ammonia (Figure 1.1), the cells were producing a level of glutamine that was higher 

than expected. There was a clear lack of exogenous glutamate, from the culture 

media, needed for the reaction to take place. Glutamate could have been synthesised 

endogenously from arginine, histidine and proline but these reaction pathways did not 

involve the consumption of NH4+ and that no other amino acid quantification data from 

the current experiment was available to support the observation. This glutamate deficit 

was much more likely to have been compensated by the cataplerotic reactions via the 

transamination reaction between amino acids, and ketoacids from the TCA cycle. 

Alanine and aspartate, along with the appropriate ketoacids, could be enzymatically 

converted into glutamate and intermediates of the TCA cycle (Figure 1.1 & Figure 

1.2Error! Reference source not found.). These intermediates (α-ketoglutarate, 

oxaloacetate) then feed back into the TCA cycle as part of the anaplerotic reactions to 

balance the outflow of intermediates from the earlier cataplerotic reactions. The 

resulting glutamate could then be converted to glutamine via glutamine synthetase 

while simultaneously scavenging up ammonia. This entire phenomenon was observed 

indirectly by the concomitant increase of extracellular glutamine and decrease of 

extracellular NH4+ from all bioreactor runs when extracellular glutamine was first 

detected at Day 10-11 (Figure 4.12G & Figure 4.12H). It was to be noted that the 

increase of extracellular glutamine and decrease of extracellular NH4+ did not 

correspond to a 1:1 stoichiometric molar ratio as depicted by the GS reaction. The 

slightly lower glutamine concentration could be attributed to the fact that the measured 

glutamine was whatever present in the supernatant whereas some glutamine could 

have been utilised within the cell and hence was not accounted for. Alternatively, one 

other pathway to account for the higher utilisation rate of NH4+ could be the glutamate 
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dehydrogenase reaction found in the mitochondria. This enzyme was responsible for 

the reversible reaction between glutamate and α-ketoglutarate while maintaining 

NAD(P)+/NAD(P)H ratio (Figure 1.1). It had been suggested that at high α-

ketoglutarate and NH4+ concentration together with low glutamate concentration, the 

reaction to synthesise glutamate from α-ketoglutarate, in the presence of NH4+ and 

NAD(P)H, was favoured (Adeva et al. 2012, Zaganas et al. 2013). Boon et al. (1999) 

also suggested that in the presence of excess proteins in diet for rats, mRNA for 

glutamate dehydrogenase and ornithine aminotransferase was upregulated to aid in 

the removal of toxic levels of ammonia by synthesising glutamate. 

 

Another point of discussion was the fact that this increase in glutamine and decrease 

in NH4+ did not persist continuously; this effect appears to plateau off or in fact, went 

into the reverse direction towards the end of the culture. Presumably, as the culture 

progressed with reduced level of certain nutrients and viability, the cell metabolism 

changed in response to these signals. It was not understood at the moment why such 

a phenomenon occurred. This would be a strong incentive as part of a future work to 

have a deeper look into the other metabolites, apart from the ones already measured 

in the current experiments, to gain a better insight.   

 

All in all, the scale-up process by a factor of 10, from 5 L to 50 L, had been 

demonstrated successfully. While the peak VCC was higher in the 50 L than the 5 L, 

the final titre was comparable, along with other metabolite profiles, particularly with 

respect to the trend observed for lactate. Similar success in cell culture scale-up had 

been reported by Sen et al. (2017) where they had scaled up various Mab-producing 

CHO cell lines from the 3 L to the 200 L, 500 L and 2000 L scales using constant P/V 

and constant VVM. Across the five cell lines, the scale up process would result in the 

VCC profile to be either comparable in both scales or a higher VCC achieved in the 

larger scales. In all cases, the titre would be similar across all scales. Though it was 

noted that for some cell lines, the change in bioreactor scale caused a change in the 

lactate profile. This specific phenomenon of changes in the lactate profile (i.e. 

incomplete metabolism shift from lactate production to consumption instead of a 

complete shift) across the bioreactor scale was not observed in the scale-up process 

(5 L to 50 L) discussed within this thesis. The metabolism change observed in Sen et 

al. (2017) could have been cell line-specific or that the feeding strategy was not robust 



Page 230 of 308 
 

enough for the particular cell line across a wider range of bioreactor scale since that 

observation was only noted in some of their cell lines. Alternatively, this also implied 

that for the cell line used in this thesis, a scale-up factor of 10 (5 L to 50 L) could be 

sufficient to mimic a much larger scale (e.g. 5 L to 1000 L) without having to invest in 

more intermediate bioreactor sizes. The potential cost savings associated with the 

skipping of the additional intermediary-scale bioreactor runs would be a strong 

incentive to investigate this further with better characterisation. 
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Figure 4.12: Off-line data of bioreactor fed-batch cultures in 5 L STRs & 50 L SUB supplemented with 1 µM Cu in basal 
and feed media. A: VCC and viability, B: cIVCD, C: osmolality and base addition (base volume from the 50 L SUB scaled down 
by a factor of 10), D: glucose concentration, E: lactate concentration, F: glutamate concentration, G: glutamine concentration, H: 
ammonium concentration, I: titre, J: specific glucose consumption, K: specific lactate production, L: specific glutamate 
consumption, M: specific glutamine consumption, N: specific ammonium production and O: specific productivity. 



Page 232 of 308 
 

 

Figure 4.13: kLa derived from the off-gas data of the duplicate 5 L STR runs and a single 50 L 
SUB run. Loss of compressed air was experienced during Day 12-15 and Day 16-20 only in the 50 L 
SUB culture. 
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Figure 4.14: Schematic of the initial and final fill volumes in the 5 L and 50 L bioreactor systems. 

 

 

Figure 4.15: Approximate periods during the 50 L SUB culture when the 1st or 1st and 2nd 
impellers were submerged. 
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4.4 Conclusion 

Various bioreactor feeding and operating strategies had been investigated in this 

chapter. A summary of the various cell culture performance indicators of the bioreactor 

runs could be found in Table 4.1. 

 

FS-STR1, a pseudo-feed formulation that was developed previously by past 

researchers in the lab, had been utilised in bioreactor fed-batch cultures. Glucose level 

could be maintained at around the 1 g/L level while glutamate could not be sustained 

at non-zero levels after the exponential phase. FS-STR2 was formulated to address 

the glutamate issue. Glucose target of 2 g/L or 1.5 g/L in the culture after feeding was 

shown to be sufficient to keep it at non-zero levels thus preventing glucose starvation. 

Glutamate could be maintained at non-zero levels for most part of the culture except 

at the end of exponential phase. FS-STR2 was not able to sustain a consistent 

glutamate level as it was only designed to do so with glucose. Growth and titre were 

not impacted by the re-formulation and was comparable to FS-STR1, even when a 

higher concentration of base of 0.5 M was used. Subsequent analysis of FS-STR1 

and FS-STR2 was shown that a complete re-design of the feeding strategy was 

necessary due to the flaws in their feed formulation. Both FS-STR1 and FS-STR2 

utilised a 10x CD CHO media as the base formulation which was shown to have 

incomplete dissolution during the feed preparation process; 3x CD CHO was the 

highest concentration to which complete dissolution could occur. High osmolality from 

the supposed 10x CD CHO base formulation of ~3600 mOsmol/kg was also a concern. 

 

FS-STR3 was subsequently developed which utilised 3 independent components: 

EfficientFeed B, glucose and glutamate. Glucose was shown to be maintained at ~1 

g/L after feeding but there were instances when it reached zero after 24 hours. This 

indicated that glucose could be modulated at 2 g/L, 1.5 g/L or 1 g/L but operating at 

the 1 g/L threshold could lead to periods of glucose starvation. Glutamate could be 

maintained at a consistent level of ~1.5 mM after each daily feeding. However, the 

glutamate supplementation did not prolong culture viability. Growth was comparable 

to that in FS-STR1 and FS-STR2 but titre was improved by ~18%. The use of NaBu 

was tested in FS-STR3. The addition of 2 mM NaBu on Day 10 resulted in a noticeable 

decrease in viability which was expected. NaBu did not appear to facilitate the 
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metabolism shift from lactate production to consumption. It also did not appear to 

improve the titre; this was consistent with the observation made in the shake flask 

equivalent experiment. This indicated that the effects of NaBu was independent of the 

scales of cultivation, at least in the 1 L shake flasks and 5 L bioreactors that were used 

in this thesis. 

 

FS-STR4 was developed, in part to simplify the feeding and operating strategy, and in 

part to replicate the shake flask equivalent strategy, FS-SF1, in the bioreactor system. 

It utilised only EfficientFeed B as a single feed source throughout the culture. There 

was excellent reproducibility between the two replicate runs. The daily bolus feeding 

strategy was able to maintain the glucose at ~1 g/L by the end of exponential phase 

without any further glucose supplementation actions as required in FS-STR1, FS-

STR2 and FS-STR3. The cultures performed with FS-STR4 also exhibited a 

metabolism shift from lactate production to consumption after a peak of ~6 g/L was 

reached. Glutamate could be kept above zero with FS-STR4 too. A final Mab titre of 

~0.9 g/L was achieved. This set of data was used as the baseline reference to which 

the subsequent investigations were compared to.  

 

With FS-STR4, a biphasic temperature shift from 37°C to 32°C on Day 7 had similar 

cell growth as the control. Its viability was higher at 80% compared to the 70% in the 

control at Day 14 which suggested that a prolonged viability could be sustained in mild 

hypothermia condition. The introduction of mild hypothermia appeared to prevent a 

metabolism shift from lactate production to net consumption which was observed in 

the control. The titre at Day 14 was ~33% lower for the mild hypothermia condition 

than the control. This was in contrast to the ~14% titre improvement seen in the shake 

flask equivalent experiment. Metabolism shift from lactate production to consumption 

was observed in the control and mild hypothermia conditions in the shake flask fed-

batch cultures and the control condition in bioreactor fed-batch culture but it was 

absent in the mild hypothermia condition in the bioreactor. 

 

With FS-STR4, a low pH condition of pH 6.9 resulted in about 50% reduction of peak 

VCC than the control but its viability was kept at ~90% even at Day 21. There was no 

addition of base throughout the entire culture duration due to the low lactate 

accumulation; lactate never went above 0.5 g/L. Glucose was kept at a relatively high 
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concentration at ~8 g/L after Day 10 because of the feeding but it did not have any 

deleterious effect on the culture. The peak titre from the low pH cultures was about 

28% higher than the control cultures, though the former was taken at Day 21 while the 

former at Day 14. Taken together with the fact that the low pH cultures were at high 

viability even on Day 21, it indicated that the final Mab titre could have been higher if 

the culture was cultivated for a longer duration. 

 

With FS-STR4, copper supplementation did not result in any observable differences 

from the control in terms of growth, metabolism and titre. The lack of any apparent 

benefit to copper supplementation in the bioreactor fed-batch culture was also 

observed in the shake flask equivalent experiment. 

 

Worth noting, the use of additives such as NaBu and copper had been demonstrated 

to show comparable effects, in term of (lack of) changes in growth and titre, in both 

the 1 L shake flask and 5 L bioreactor scales. However, changes to operating 

conditions like temperature shift (mild hypothermia) did not have a comparable effect 

across the different scales. Considering that there was a lack of control system, like 

pH, in the shake flask scale compared to the bioreactor scale, any effects observed at 

both scales should not be directly comparable. Attempts to scale a change in operating 

conditions for a cell culture from the shake flask to bioreactor were tantamount to 

changing multiple operating factors at the same time, thus confounding the results. 

Specifically, a mild hypothermia condition experiment in the shake flask would lack the 

pH control which would otherwise be present in an equivalent experiment in the 

bioreactor. Therefore, there would be a need to control factors like these, as far as 

practically possible, for a successful scale up. On the other hand, the fact that the use 

of additives “forced” the effects to be comparable in both scales suggested that culture 

additives could bring about a similar culture metabolism over a wider operating 

conditions like pH (c.f. tight range in bioreactor and relatively wide range in shake 

flask). 

 

Interestingly, none of the conditions performed in the bioreactor system (5L or 50L) 

outperformed that of the shake flask system in terms of final Mab titer at Day 14. In 

the former system, the highest titer achieved was approximately 0.9 g/L as described 

in Section 4.2.5 that used the FS-STR4 strategy. In the latter, a titer of approximately 
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1.2 g/L was achieved using the FS-SF1 described in Section 3.4.3. In essence, FS-

SF1 and FS-STR4 were of the same feeding strategy (refer to Table 2.1 and Table 2.2 

respectively) with the difference being that there was a tight pH control in the bioreactor 

system. Within the bioreactor set-up configured for FS-STR4, the pH of the culture 

was controlled at pH 7.2 ± 0.1. On the other hand, there was no active pH control in 

place within the shake flask – culture pH was able to freely fluctuate. This finding 

corroborated with what Xu and Chen (2016) found when they performed a high-density 

culture in stirred-tank bioreactor without the use of external pH control and was yet 

able to successfully maintain culture productivity and product quality. The widest 

window of pH fluctuation was pH 7.65 to pH 6.75. This data suggested that the lack of 

pH control was more beneficial for the culture productivity given the higher titer 

achieved in the shake flasks (Section 3.4.3) than in the bioreactors (Section 4.2.5). A 

different clue was also provided in Section 4.2.5.2 where a low pH setpoint of pH 6.9 

was used in the bioreactor system. While the titer at Day 14 was only approximately 

0.7 g/L, the viability of was the highest at >90% as shown in Table 4.1. The lack of 

lactate accumulation was also suggestive of a greater TCA flux which was highly 

desirable from a productivity point of view. Taken altogether, it was possible that the 

widely-accepted notion of a tightly pH-controlled culture being a necessity might need 

some re-thinking and re-evaluation. 

 

With regards to the scale-up, the strategy of using a constant P/V and similar VVM 

across the two scales was considered to be successful. Despite a higher peak VCC 

being achieved in the 50 L than the 5 L, all other measurable off-line data, including 

metabolites and titre, was comparable. This was an indication that the feeding strategy 

(FS-STR4) and the scale-up methodology (constant P/V and similar VVM) were 

sufficient for the scale up from the 5 L to 50 L scale. It was to be noted that the 5 L 

culture was performed in duplicate while the 50 L culture was performed once. While 

there would only be a weak statistical evidence that the scale-up was indeed 

successful and reproducible, the experiments had at least demonstrated the feasibility 

of implementing the abovementioned strategies across the various scales. The 

harvest material from the 50 L run was subsequently used in Chapter 7 for downstream 

processing to obtain a purified drug substance and the platform downstream process 

was evaluated. 
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Table 4.1: Summary of cell culture performance indicators in bioreactor runs. 

Feeding strategy FS-STR1 FS-STR2 FS-STR3 FS-STR4 

Bioreactor type 
5 L;  

Glass 
5 L;  

Glass 
5 L;  

Glass 
5 L;  

Glass 
50 L; 

SUB** 

Bioreactor # 1 2 1 1 2 1 2 1 2 1 2 1 2 1 2 1 

Cross-reference 
within thesis 

Section  
4.2.1 

Section 
4.2.2 

Section  
4.2.4 

Section  
4.2.4.1 

Section 
4.2.5 

Section 
4.2.5.1 

Section 
4.2.5.2 

Section 
4.2.5.3 

Section 
4.3 

Temperature (°C) 37 37 37 37 
37 to 32, 

Day 7 
37 37 37 

pH 7.1 7.1 7.1 7.2 7.2 6.9 7.2 7.2 

Additive - - - - - 
NaBu; 2 mM; 

Day 10 
- - - - - - 

Cu; 1000 nM; start of 
culture and in feed media 

Seeding density 
(x106 cells/mL) 

0.2 0.2 0.2 0.8 0.8 0.3 0.3 0.5 0.5 0.5 0.5 0.5 0.5 0.3 0.3 0.4 

Peak VCC  
(x106 cells/mL) 

7.3 6.8 6.8 8.4 6.4 5.6 6.6 8.5 9.1 7.1 7.2 4.0 2.8 7.8 7.9 10.9 

Peak lactate 
(g/L, within first 
14 days) 

2.5 2.4 5.5 1.9 3.5 5.2 4.5 6.4 6.5 5.8 6.0 0.4 0.5 6.4 6.0 6.4 

Lactate shift 
(day of shift) 

Day 7 
No shift; 

“runaway” 

shifted on 
Day 7 then 
"runaway" 

no shift; 
"runaway" 

no shift; 
"runaway" 

Day 8 
no shift; 
plateau 

N.A. Day 11 Day 9 

Total base 
volume added 
(% of initial 
volume) 

4.5 5.0 4.9 1.0 2.3 8.3 6.7 11.0 11.0 11.1 12.0 0.0 0.0 12.7 10.3 11.1 

Peak osmolality 
(mOsmol/kg) 

Not  
measured 

Not 
measured 

324 334 361 349 392 398 364 379 325 332 378 360 382 

Final cIVCD 
(x109 cells.day/L, 
@ Day 14) 

60.18 53.77 55.62 74.44 55.28 45.26 54.45 74.16 75.82 64.35 64.72 38.33 28.97 64.83 62.72 84.15 

Final titre  
(g/L, @ Day 14) 

0.552 0.585 0.496 0.763 0.593 0.519 0.630 0.888 0.854 0.558 0.568 0.707 0.552 0.710 0.689 0.649 

Viability  
(%, @ Day 14) 

65.5 57.2 56.4 76.0 45.6 37.5 58.7 75.0 72.9 82.0 85.0 94.2 90.6 77.9 72.7 82.1 

**Note that the 50 L SUB employed the same feeding strategy as described in FS-STR4 but its operating conditions were different from that of the 5 L STR (refer to Table 2.3 for 
specific details). 
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5 Rapid process monitoring in mammalian cell culture using off-

gas mass spectrometry analysis 

 

5.1 Introduction and chapter objectives 

The literature review in Chapter 1 has indicated an apparent lack of off-gas analysis 

application in fed-batch mammalian cell culture thus limiting its utilisation within the 

cell culture community. Some of the bioreactor cell culture work that has been 

undertaken and described in Chapter 4 are used to evaluate the feasibility of off-gas 

analysis throughout the culture duration. The off-gas analysis is performed using an 

off-gas MS analyser that Thermo Fisher Scientific has kindly provided. The off-gas 

work is undertaken as part of a collaborative effort between Thermo Fisher Scientific 

(TFS) and the Department of Biochemical Engineering, University College London. 

Technical expertise in terms of setting up the MS, connecting the MS to the bioreactors 

and troubleshooting specifically with respect to the MS is provided by specialists from 

TFS. All other experimental work has been performed by the author within the 

department with no conflict of interest. This off-gas work is set out to be a proof of 

concept and an evaluation of using it as a monitoring tool. Off-gas data from the MS 

is actively recorded in real-time during the culture duration from selected bioreactor 

runs with their off-gas streams connected to the MS. Retrospectively, after the culture 

has ended, correlation is made between the off-gas data, that has been obtained in 

real-time, and the off-line cell culture data from the bioreactors like VCC and 

metabolites. A peer-reviewed publication on the work carried within this section can 

also be found in Goh et al. 2020. 

 

Summary of chapter objectives: 

• Demonstrate the applicability of off-gas mass spectrometry (MS) analysis in 

fed-batch mammalian cell culture. 

• Determine the implications of various actions or events during cell culture on 

the MS traces. 

• Demonstrate a proof of concept that real-time off-gas MS analysis can provide 

metrics for cell culture performance throughout the culture duration in a non-

invasive manner as opposed to conventional method which physically perturb 

the state of the cell culture. 
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5.2 Factors affecting MS gas traces 

Off-line cell culture data from the duplicate 5 L runs and single 50 L run was taken 

from Section 4.2.5.3 and Section 4.3 respectively. These were the cell culture runs 

that had off-gas analysis being performed. The experimental set-up of the bioreactors 

and the MS could be found in Section 2.5.1 It should be noted that while no control 

loop with respect to the MS gas traces was applied in the experiments, observations 

were made on the MS gas traces during the fed-batch bioreactor runs. This served to 

parse out the difference between data noise from a typical fed-batch culture in 

bioreactor and the MS. Several actions and events during the cell culture that had the 

potential to affect the off-gas MS traces had been identified. They were summarised 

in Table 5.1 and the actual measurable outcomes of those actions on the gas traces 

were shown in Figure 5.1. 

 

Routine sampling from both the 5 L and 50 L systems did not have any observable 

effect on the gas traces. The sampling volume for the 5 L and 50 L systems was 20 

mL and 30 mL respectively. Compared to the bulk volume of the culture media, the 

removal of the sample volumes was inconsequential to the gas traces as detected by 

the off-gas analyser. Both the separate addition of antifoam and feed media were 

shown to cause an immediate spike in the O2 gas traces with a proportional decrease 

in the CO2 and N2 gas traces (N2 data not shown). This phenomenon supported the 

hypothesis that the use of antifoam would reduce the oxygen mass transfer coefficient 

(kLa) in the culture and as such, an inlet gas supply with higher proportion of O2 was 

needed. This was evident in the spike observed in the O2 gas traces (Figure 5.1A). 

These O2 spikes were thought to have been masked during the exponential phase of 

the cultures (before ~Day 10) because of the rapid proliferation of cells and their 

subsequent increase in O2 demand. These spikes in O2 were much more pronounced 

in the stationary phase of the cultures (after ~Day 10) and onwards where cell density 

was decreasing. The reduced demand for O2 enabled the O2 spikes from antifoam 

addition to be more obvious. A similar O2 spike phenomenon was also observed when 

feed media was added. While the exact components of the feed media were not known 

publicly as it was a proprietary media, it was believed that EfficientFeed™ B contained 

surfactants, like Pluronic, and possibly other compounds that had a direct impact on 
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the kLa. This could possibly account for the spike in O2 during feed addition as 

observed during antifoam addition. 

 

Interestingly, two undesirable but significant events were also captured during the cell 

cultures. First, in the 5 L scale bioreactor run, a clogged venting filter was detected by 

the MS gas traces. This detection came in the form of a significantly large spike in O2 

with corresponding dips in other gas components between Day 1 and 2 in 5L-STR2 

(Figure 5.1B). This particular event was picked up by the MS software overnight when 

no operator was present. Upon checking of the MS gas traces in the morning, a 

troubleshooting effort was conducted and the clogged venting filter was identified as 

the root cause of the massive gas spike; substantial bubbling was observed in the 

condensate-filled venting filter. Subsequent replacement of the filter under aseptic 

conditions allowed the culture to proceed as normal. This was shown by the O2 trace 

resuming the expected profile after the successful replacement of the clogged filter. 

The culture process had been successfully recovered from a fault that had been 

detected early by the MS. It should be noted that a less extensive clog was also 

observed for the 5L-STR1 between Day 1 and 2 (Figure 5.1A). This was captured as 

a small bump in the O2 trace. Subsequently, the venting filter in 5L-STR1 was 

physically identified to be partially filled with condensate, albeit to a much lesser extent 

that in 5L-STR2. With the discovery of the onset of a clog, it was decided that the filter 

in the 5L-STR1 should be changed along with the more severe situation in 5L-STR2. 

It was believed that such a fault, in its nascent or critical stage, would not have been 

discovered without the real-time off-gas data from the MS. Second, during the 50 L 

run, there were instances when the compressed air supply to the bioreactor was lost 

and the off-gas MS analyser picked up the changes in the gas composition (Figure 

5.1C). With the compressed air supply diminished, the 50 L MFC system was able to 

switch to a different blend of gases to supply the oxygen for the cultures. This newer 

blend would be one with pure oxygen instead of the usual compressed air 

supplemented with oxygen. There was no change in the DO reading from the Multiple 

Fermenters Control System (MFCS)  control panel of the 50 L system which had been 

set at 30% DO with respect to air saturation. This meant that, on both occasions where 

the compressed air supply was interrupted, the culture was not compromised in any 

meaningful way as sufficient oxygenation was still available. This situation suggested 

that the use of an off-gas MS analyser would be a suitable backup for the MFCS 



Page 242 of 308 
 

system given that the former was an orthogonal way of quantifying the proportion of 

gas to be delivered into the bioreactor. It was acknowledged that a complete 

replacement of the MFCS system with the off-gas MS analyser would be impractical 

due to the other necessary functions of the MFCS system but that the analyser would 

be an ideal backup specifically for the gassing strategy. 

 

Table 5.1: Summary of observations on the off-gas MS gas traces by the various events during 

cell culture. 

Actions / Events Observations on MS traces Reference 

Routine sampling No observable effect. 
Observed in all sampling 

actions. 

Antifoam addition 
Immediate 
effect 

Disturbance to gas traces observed. Figure 5.1(A) 

Feed media (<10°C) 
bolus addition 

Immediate 
effect 

Disturbance to gas traces observed. 
Observed in all feeding 

actions. 

Clogged sterile 
exhaust/venting filter 

Immediate 
effect 

Disturbance to gas traces observed. Figure 5.1(B) 

Loss of compressed 
air 

Immediate 
effect 

Disturbance to gas traces observed. Figure 5.1(C) 
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Figure 5.1: Overlay of real-time off-gas traces from the MS and offline cell culture data. A: O2-in and O2-out 
with VCC for 5 L STR1, B: O2-in and O2-out with VCC for 5 L STR2,  C: O2-in and O2-out with VCC for 50 L SUB, 
D: Overlay of A-C, E: CO2-in and CO2-out with lactate concentration for 5 L STR1, F: CO2-in and CO2-out with 
lactate concentration for 5 L STR1, G: CO2-in and CO2-out with lactate concentration for 50 L SUB and H: Overlay 
of E-G. 
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5.3 Appropriate off-gas data as culture performance indicators 

 

5.3.1 Raw O2 and CO2 gas traces 

Across both the 5 L and 50 L scales (Figure 5.1), the changes in O2 gas traces caused 

by perturbations to the systems were much more drastic than that in CO2. As such, O2 

gas traces was a better indicator of the state of the cultures. Furthermore, the O2 gas 

traces could be correlated to the VCC of the cultures. The real-time O2 gas traces in 

% mol, either in or out of the bioreactors, correlated well with the different phases of 

the cell cultures across different scales (Figure 5.1D). This was expected as the rapidly 

growing cell culture would require more proportion of O2 as indicated by the increased 

% mol of O2 and vice versa.  

 

The CO2 gas traces did not correlate well with the cell growth but showed a relationship 

with respect to extracellular lactate. This relationship between the CO2 gas traces and 

the metabolic state of the cell culture was not surprising. The use of CO2 gas was a 

common way of controlling pH in cell cultures as the acidic counterpart to the base 

solution. Cells would produce lactate as part of their utilisation of glucose. Acidification 

of the cell cultures by the secretion of the lactic acid from the cells compensated the 

need for CO2 gassing into the system; base solution (1 M NaOH) was required during 

excessive lactate production. When the cells’ metabolism shifted from lactate 

production to consumption, the acidification effect from lactate was reduced. 

Subsequently, when the lactate became consumed to a certain level, external 

acidification via CO2 gassing would be required again to maintain the pH setpoint of 

the cell cultures. This entire process was observed in Figure 5.1E-H where CO2 was 

initially gassed into the cultures in the first 4 days while lactate concentration was 

gradually increasing. When the extracellular lactate reached ~2 g/L, it appeared that 

the acidification of the cell cultures from the lactate was sufficient to replace CO2 

gassing completely. This implied that the contribution of acidity from ~2 g/L of lactate 

was equivalent to that from the CO2 gassing. The lactate concentration continued to 

increase to ~6 g/L and subsequently shifted to consumption behaviour. When the 

lactate level dropped to ~5.5 g/L, CO2 gassing was required again. The lactate profiles 

were comparable across the 5 L and 50 L scales and that the CO2 profiles from the 

various bioreactors were similar too. It was interesting to note that a higher % mol of 
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CO2 was required in the 50 L SUB than the duplicate 5 L STR runs. This was thought 

to have been due to a better stripping of carbon dioxide from the cell culture in the 50 

L than 5 L or perhaps a lower carbon dioxide mass transfer coefficient (kLa-CO2).  

 

5.3.2 Derived parameters: OUR, kLa, qO2, CER & qCO2 

Further processing of the data from the off-gas MS analyser could be performed to 

elucidate more details about cell cultures in bioreactors. The following parameters 

were derived from the raw off-gas data which comprised of the gas compositions of 

the inlet and outlet gas streams: oxygen uptake rate (OUR), kLa (for O2), specific 

oxygen consumption rate (qO2), carbon dioxide evolution rate (CER) and specific 

carbon dioxide production rate (qCO2). Equations for each of these parameters were 

described in Section 2.5. 

 

OUR, kLa and qO2 were determined for the entire culture durations for the duplicate 5 

L and single 50 L runs. It should be noted that as the frequency of measurement for 

the off-gas analyser was much higher than that of the offline measurements (~10 

seconds per gas streams vs. ~24 hours), it was decided to determine the derived 

parameters based on the frequency of the offline measurements instead. Despite 

doing so, the global trends of the various off-gas data were still captured (Figure 5.2). 

For the 50 L data, it should also be pointed out that the lack of compressed air occurred 

during Day 12-15 and Day 16-20 as shown by the highlighted blocks in Figure 5.2; the 

two 5 L runs did not experience any loss of compressed air. The combined data from 

5 L and 50 L bioreactor runs presented in Figure 5.2 revealed that there were 

discernible trends across the different scales and the different parameters. The 5 L 

data showed larger variation between data points while the 50 L data showed a 

smoother trend throughout the culture. This was thought to have been due to the 

noisier off-gas readings because of the pulsating (on/off) fashion in which the solenoid 

valves that controlled the various gas components (compressed air, CO2, O2, N2) in 

the 5 L system delivered the gas into the bioreactor; the 5 L system did not have an 

in-line gas mixer. On the other hand, the 50 L controller system had mass flow 

controllers and in-line mixer for the same gas components used in the 5 L system. The 

smoother transition of gas compositions during the 50 L run resulted in the smother 

trends observed for the 50 L system than the 5 L. Across both the 5 L and 50 L scales, 
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OUR data as shown in Figure 5.2A indicated that OUR correlated with the VCC profile 

of the cultures as shown in Figure 5.1D. This was not surprising as oxygen 

consumption would increase when more cells were present and vice versa. The kLa 

could be easily determined from the known gas flow rates and oxygen concentration 

in the inlet and outlet gas streams of the bioreactors. This was in contrast to the 

traditional dynamic gassing-in/out method where perturbations to oxygen supply were 

necessary in order to determine the kLa at a particular instance during the culture; 

performing such perturbations regularly during a bioreactor run would be detrimental 

to the cells. The kLa data suggested that the initial kLa in the 5 L bioreactors (~14 h-1) 

were higher than the 50 L bioreactor (~7.5 h-1). Subsequently, the kLa for the 5 L 

bioreactors decreased over time as the cell density increased together with the gradual 

increase in volume from the feed additions. The kLa then recovered slightly once the 

5 L cultures entered stationary phase. Interestingly, the kLa for the 50 L was fairly 

constant at ~7.5 h-1 throughout the culture with the exception on Day 4 and 7 and 

during the periods when compressed air were lost (Figure 5.2B). The drop in kLa on 

Day 4 and 7 for the 50 L run coincided with the addition of antifoam. The reduction of 

kLa as a result of the antifoam addition was expected and the off-gas analysis was 

able to capture that. The drop in kLa from antifoam addition was also observed in the 

5 L runs though it was not as comparable between the 2 replicates (Figure 5.2B). The 

qO2 trends were comparable across the different bioreactor runs (Figure 5.2C). A 

relatively constant qO2 of ~4 pmol/cell/day was maintained for the first half of the 

cultures while a relatively higher qO2, ranging from 5-20 pmol/cell/day, was observed 

in the second half of the cultures. One hypothesis to account for this change would be 

the metabolism shift from lactate production to consumption. During periods of rapid 

accumulation of lactate, glycolysis was the pre-dominant pathway for the cells where 

little oxygen was required. The shift to lactate consumption was likely an indication 

that oxidative phosphorylation, which actively required oxygen as the final electron 

donor in a series of redox reactions, became the main mechanism of generating 

energy. Hence, the qO2 became relatively higher just when the lactate shifted to a net 

consumption behaviour. This was observed in the 50 L run and 5 L runs after Day 7 

and Day 9 respectively (Figure 5.2C) where the days also coincide with the shift in 

lactate metabolism in the respective runs (Figure 5.1H). It was interesting to note that 

from Day 10 onwards, the qO2 was ~3 times as high in the 5 L runs than the 50 L run 

even though the cell density was on average higher in the latter. This phenomenon 
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could not be accounted for at the moment but it suggested that perhaps there was a 

different physiological environment in the 5 L system than the 50 L system that caused 

a higher qO2 for the cells in the former system.  

  

It should also be noted that in the period with no CO2 gassing into the bioreactors, CO2 

could be detected in the exhaust gas from the cell cultures (Figure 5.1E-G). The 

highest proportion of CO2 in the gas streams that exited the bioreactors was ~2 % mol. 

This production of CO2 from the system was likely due to the biotic contribution of CO2 

evolution from cellular respiration. Abiotic contribution of CO2 from the bicarbonate 

buffer equilibrium could also favour CO2 production. However, the fact that NaOH, a 

strong base, was added during the period when lactate concentration was high and 

no CO2 was gassed into the bioreactor suggested that the bicarbonate equilibrium 

would shift towards formation of bicarbonate (HCO3
-) ions instead of the carbonic acid 

(H2CO3). This would result in the biotic contribution to be the only source of CO2 

evolution during this particular period. CER and qCO2 were only determined during 

this particular period of no external CO2 gassing into the bioreactors (Figure 5.3). The 

qCO2 appeared to be comparable among the 3 different runs across the 2 different 

scales at ~5 pmol/cell/day. This could be taken as an indicator that the cultures were 

metabolically similar during that period, i.e. during the rapid lactate accumulation 

period (Figure 5.1H). A further complication with regards to determining the abiotic 

contribution of CO2 evolution was the fact that the bicarbonate concentration in both 

the basal and feed media in the experiment was not known since their compositions 

were proprietary information. This made it effectively impossible to separate the abiotic 

and biotic contributions of CO2 evolution when CO2 gassing was present for pH 

control. Goudar et al. (2011) had summarised a list of qO2 and qCO2 from various cell 

lines (BHK, CHO, hybridoma and myeloma) and culture platforms (96-well plates to 

1300 L bioreactors). Including the experimental work published by Goudar et al. 

(2011), most qO2 values were in the 3-10 pmol/cell/day range and qCO2 values were 

in the 3-6 pmol/cell/day range with a few exceptions. It should be noted that the 

majority of data was from cell cultures performed in batch or perfusion/continuous 

mode while <10% was done in fed-batch mode which was what the study presented 

in this chapter had used. The qO2 and qCO2 data that had been reported in this chapter 

was within the ranges observed in the published work. Off-gas analysis had been 

typically difficult to characterise in fed-batch systems, as shown by the lack of 
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published data, due to inherent perturbations during the cell culture like feeding (c.f. 

batch mode) and non-steady state growth (c.f. perfusion) that were challenging to 

overcome. The work described herein demonstrated a practical and robust way of 

determining specific oxygen consumption and carbon dioxide production rates for fed-

batch cultures performed at the bench and pilot scale. 

 

As described in Section 1.2.7, O2 is a critical input for any cell culture as it is the final 

electron acceptor for the mitochondrial oxidative phosphorylation process that the cells 

depend on for the majority of its energy requirements. As such, being able to determine 

the specific oxygen consumption by the cells is an essential knowledge in addressing 

the needs of the cells during the duration of the culture through the direct manipulation 

of aeration and mixing strategy or even the geometry design of the bioreactors to 

provide the optimal mass transfer of gas to the cells. Similarly, the same principle can 

be applied to a different gas – carbon dioxide. By knowing the dissolved carbon dioxide 

levels in the culture in real-time via the off-gas MS technique, strategies can be 

implemented instantaneously to adjust CO2 stripping given that excessive pCO2 

accumulation has been shown to detrimental on cell growth (Zhu et al. 2005, Brunner 

et al. 2017). 
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Figure 5.2: Oxygen-related parameters derived from the off-gas data of the duplicate 5 L STR 
runs and a single 50 L SUB run. A: OUR values, B: kLa values with time points of the antifoam 
additions and C: qO2 values; loss of compressed air was experienced during Day 12-15 and Day 16-20 
only in the 50 L SUB culture. 
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Figure 5.3: Carbon dioxide-related parameters derived from the off-gas data of the duplicate 5 L 
STR runs and a single 50 L SUB run. A: CER values and B: qCO2 values from biotic source only. 
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5.3.3 RQ as metabolic state indicator in mammalian cell cultures 

RQ could be a convenient parameter to look at as an indicator of the metabolic state 

of the cell culture. The off-gas data from the MS was able to provide real-time RQ 

measurements (Figure 5.4). It was evident that the gas spikes as a result of feed and 

antifoam addition, as shown previously in Figure 5.1, had also affected the RQ. It 

should also be mentioned that the RQ determination was based on the CER and OUR 

values from the MS and that the CER was not corrected for abiotic CO2 contribution 

from the bicarbonate in the media given that its concentration was not known.  Despite 

so, general trends could still be gleaned from the data while keeping in mind that there 

would be slight under-/over-estimation of the CER term.  

 

In general, the RQ data from the 50 L run was less noisy (smoother trend lines) while 

the 5 L runs were particularly noisy at the beginning of the cultures (Figure 5.4). Given 

that the growth (VCC) profiles during the beginning were similar in both scales (Figure 

5.1), it was thought that the larger fluctuations in the RQ data in the 5 L was not related 

to the cultures themselves but that perhaps the gas flow rates and compositions going 

into the MS were the more plausible causes. In the 5 L bioreactor set-up, gas flow 

rates were particularly difficult to maintain at the fixed flow rate as per the bioreactor 

feeding and operating strategies. This was due to the hardware design of the control 

system where individual gas sources (compressed air, O2, CO2 and N2) were taken 

directly from the respective gas taps with no individual flow meters or any means to 

modulate the composition of the final gas mixture into the bioreactor based on the 

available gas sources. It should be noted that there was a single analogue flow meter 

to control the bulk flow rate right before the gas was delivered into the bioreactor. While 

there were control loops in place for process setpoints like pH and DO, the gases used 

to effect those changes were delivered in a pulsating manner where only a single gas 

source was engaged at any given time. For instance, when the measured DO was not 

at the setpoint, only 1 of the 3 gases for DO control, compressed air, O2 and N2, would 

be engaged while the valves for all other gases would be closed off. This meant that 

there was no pre-mixing of gases outside of the bioreactor. Consequently, this one-at-

a-time (on/off) gas delivery system would cause fluctuations in the analogue flow 

meter as valves opened and closed depending on the demand of the cultures. This 

would further complicate the issue of ensuring a constant gas flow rate was being 
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diverted from the gas inlet of the bioreactor to the MS for off-gas analysis and be the 

potential primary cause of the noisy RQ signals in the 5 L. This was in contrast to the 

50 L system which was, in fact, a newer platform compared to the 5 L system. The 50 

L system had individual flow meters for each of the 4 gas sources, identical to the 5 L, 

and these flow meters were automatically controlled by the control system. This meant 

that at any given time, multiple gas sources could be engaged simultaneously to 

deliver gas mixture of a given composition at the stipulated final gas flow rate into the 

50 L bioreactor. This also meant that a constant gas flow rate could always be diverted 

away from the 50 L SUB and into the MS for off-gas analysis. This smooth transition 

during process control changes like DO and pH brought about by using the different 

gas sources was translated to the less noisy RQ trend lines observed in Figure 5.4 for 

the 50 L system than the 5 L system. The large spikes/dips in the RQ correlated to the 

points when feed and/or antifoam additions were made. Since RQ was ultimately 

derived from the O2 and CO2 data, these huge fluctuations were also noted in Figure 

5.1 where the raw off-gas data for the O2 and CO2 was presented.  

 

Interestingly, the RQ profiles (Figure 5.4) for the duplicate 5 L runs were not as good 

of a replicate of one another as the off-line growth and metabolites data shown in 

Figure 4.12. The chance of it being the way the 5 L bioreactors were connected to the 

MS was very low as the network of gas tubing extending from the bioreactors to the 

MS was identical between the bioreactors (Section 2.5.1). This was likely an indication 

that there were actual physical differences in the way the gases were delivered into 

each of the 5 L bioreactors. The main suspect would again be the gas flow rates, both 

into the bioreactors and into the MS, which had been observed to fluctuate with the 

changing gas demands from each of the cultures due to the use of the analogue flow 

meter and the on/off nature of the gas delivery system found in the 5 L system.  

 

One other more interesting and perhaps more relevant observation on the RQ profiles 

was the correlation between the state of the lactate metabolism (production or 

consumption) and the approximate averaged-out RQ values during each metabolic 

state. The trend was more noticeable in the 50 L run than the duplicate 5 L runs. If the 

large spikes/dips of the RQ profiles contributed by the feed and antifoam additions as 

discussed before were ignored, the RQ value was approximately above 1 during the 

lactate production phase and was approximately below 1 during the lactate 
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consumption phase (Figure 5.4). Pure utilisation of a carbon source like glucose would 

result in a RQ value of 1 while oxidation of the more reduced molecules like amino 

acids and fatty acids would result in RQ<1 as more oxygen would be needed to 

completely oxidise these molecules. During the lactate production phase, glycolysis 

would be the main metabolic pathway as indicated by the high qGluc and relatively 

lower qO2 and consequently resulted in a higher RQ. On the other hand, during lactate 

consumption phase, oxidative phosphorylation involving a higher TCA activity was 

represented by a lower qGluc and relatively higher qO2 which ended up with a lower 

RQ. A summary of this comparison had been made in Table 5.2. This relationship 

between a high and low glycolytic flux with lactate production and consumption 

respectively had been previously demonstrated in shake flasks and deep well plates 

experiments (Templeton et al. 2013). Multivariate analysis of more than 200 

manufacturing production bioreactor runs with varying lactate production/consumption 

behaviours had also suggested that a shift from lactate production to consumption had 

more to do with a lowered glycolytic flux than any other parameters (Le et al. 2012). 

 

While also taking into consideration that there were inherent variations in the RQ 

values due to the inconsistent gas flow in the 5 L runs, this implied that relatively 

distinct metabolic states could be determined based on the RQ profiles. Even though 

the CER term could not be effectively corrected for, the RQ data correlated well with 

the metabolic states, especially in the 50 L where the off-gas signals were less noisy. 

It was believed, at the point of submitting this thesis, that there had been no 

experimental data published pertaining to RQ and different metabolic states in 

mammalian cell cultures. RQ values were rarely determined in mammalian cell 

cultures and even much lesser in non-perfusion modes of cultivation due to the lower 

peak VCC and non-steady state nature found in those modes or simply from a lack of 

off-gas data like qCO2 due to instrumentation challenges (Goudar et al. 2011). This 

body of work had successfully demonstrated the technical feasibility of using off-gas 

analysis to derive RQ as a means to determine the metabolic states (i.e. lactate 

production or lactate consumption behaviour) of the fed-batch mammalian cell cultures 

with peak VCC of 8-11x106 cells/mL. 

 

It is also possible to utilise the RQ measurement as a means of implementing a quality-

by-design approach to the manufacturing process by demonstrating that the RQ can 
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be controlled through strategies like dynamic aeration and feeding regime with minimal 

impact to product quality. Similarly, evaluation of batch to batch variation, within 

predefined specifications, for robust technology transfer across different sites and 

bioreactor platforms (e.g. scaling-up) can be performed on the basis of the RQ profile 

of the culture. 

 

 

 

Table 5.2: Metabolic data and derived parameters from off-gas data as indicators of the state of 
lactate metabolism.  

 
Lactate 

production 
phase 

Lactate 
consumption 

phase 

Cross-
reference 

within thesis 

Main metabolic pathway Glycolysis 
TCA cycle 
(oxidative 

phosphorylation) 
- 

Specific glucose 
consumption rate (qGluc) ↑ ↓ Figure 4.12 

Specific oxygen 
consumption rate (qO2) ↓ ↑ Figure 5.2 

Respiration quotient (RQ) ↑ (>1) ↓ (<1) Figure 5.4 
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Figure 5.4: Respiration quotients during the duplicate 5 L STR runs and single 50 L SUB run as determined from the off-gas data with the lactate 
production phase and lactate consumption phase highlighted in yellow and green respectively. A: RQ data from 50 L and B: RQ data from 5 L.
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5.4 Conclusion 

Technical feasibility of implementing the off-gas MS analysis at the benchtop 5 L scale 

as well as the pilot 50 L scale, regardless whether it was a glass/stainless steel or 

single-use bioreactor, had been demonstrated. Several actions performed commonly 

during fed-batch cell cultures had been shown to influence the MS traces. The real-

time, off-gas MS analysis had been shown to help identify process deviations during 

cell cultures and could potentially be used as a convenient way to evaluate batch to 

batch variations, within predefined specifications, for robust technology transfer across 

different sites and bioreactor platforms. The real-time O2 gas traces in % mol, either 

in or out of the bioreactors, and the derived OUR parameter correlated well with the 

different phases of the cell cultures. The real-time CO2 gas traces correlated well with 

the lactate profile of the cultures. Oxygen mass transfer coefficient, kLa, could be 

derived throughout the entire culture duration given the necessary known parameters 

simply from the off-gas data. Furthermore, actions that were known to influence kLa 

like antifoam additions could be determined from the off-gas analysis. The qO2 profile 

could differentiate between a low oxidative metabolic state (a.k.a. high glycolytic flux) 

and a high oxidative metabolic state (a.k.a. low glycolytic flux) in during the cell culture. 

The qCO2 could be easily determined during a period when no CO2 was gassed into 

the bioreactor and NaOH solution was used as the base; cellular respiration was 

assumed to be the sole contributor to the quantified qCO2. The qO2 and qCO2 data 

presented herein was comparable to previously published result. It was also 

established that inherent hardware flaws in the 5 L bioreactor system had resulted in 

noisier off-gas data, particularly with RQ determination. The newer 50 L bioreactor 

system, with controllable flow meters for individual gas sources as part of a control 

loop, was able to generate less noisy off-gas data. Notably, the RQ profiles were 

distinct enough to correlate with either the lactate production or consumption phase 

during the cultures. Regardless, this study had also clearly indicated that a gas 

delivery system that pre-mixed gases (c.f. 50 L system) instead of the one-gas-at-a-

time delivery method (c.f. 5 L system) was better for off-gas analysis in terms of noise 

reduction; however the different gas delivery systems did not result in significant 

differences in the cultures. Overall, the body of work described herein had successfully 

demonstrated the technical feasibility of using off-gas data from a MS analyser to 

provide real-time cell culture performance indicators for fed-batch cultures. 
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6 High throughput chromatography at micro-scale 

 

6.1 Introduction and chapter objectives 

As mentioned in the literature review in Chapter 1, high throughput or automated 

processes is a great leap forward in terms of increasing experimental throughput. 

However, this has led to a bottleneck in the analysis of the voluminous data generated 

from the high throughput techniques. While automation is typically applied in the actual 

experimental techniques, automation can in fact be applied in data acquisition and 

analysis too. This chapter describes one such application where an automated 

methodology is applied specifically for the rapid purification of cell culture supernatant 

samples from Chapter 3 to allow subsequent product quality analysis. The 

development of the automated methodology and scripts has been part of a 

collaborative effort with Spyridon Konstantinidis and other collaborators; that body of 

work along with other demonstrated applications beyond the scope of this thesis can 

be found in a peer-reviewed publication (Konstantinidis et al. 2018). 

 

Summary of chapter objectives: 

• Demonstrate the application of a flexible and accessible automated operation 

of miniature chromatography columns on a liquid handling station. 

• Demonstrate the use of the application to rapidly purify cell culture supernatant 

samples. 
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6.2 Results and discussions 

High throughput (HT) techniques were typically used to expedite vast amount of 

experimentations at miniaturised scales. However, a major complication of using such 

techniques was the vast amount of data associated with the implementations of these 

experiments. As a result, a bottleneck was typically observed at this point. Automation, 

in addition to HT techniques, had been a powerful tool in process development. Not 

only could the robotic automation aid in the execution of experiments, automation in 

the form of advanced software could also facilitate the analysis of the voluminous data 

generated from the HT experiments. The integration of miniature chromatography 

columns, Robocolumns, onto a liquid handling station like the TECAN platform allowed 

a setup comparable to that of a HPLC system or an AKTA system. In the configuration 

discussed herein, up to 8 Robocolumns could be performed in parallel. Each 

component in the TECAN platform (Figure 6.1 & Figure 6.2) assumed the role or 

function that one would usually find in the latter systems (refer to Figure 6.3). 

 

 

Figure 6.1: Photograph of the deck layout of the TECAN workstation showing the various 
annotated components essential to the RoboColumns deployment. 
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Figure 6.2: Close-up photograph of the 8x stainless steel tips dispensing liquid, in parallel, into 
the 8x 600 µL RoboColumns. 

 

 

Figure 6.3: Schematic representation of the equivalent components of the automated 

RoboColumn operation to a typical HPLC system. 

 

The primary goal of this work was to create a technique that allowed non-automation 

users (i.e. end-user operators) to carry out unsupervised use of the robotic station for 

HT investigation of chromatography-based separations. This had been achieved via 
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an advanced script written on the EVOware software of the TECAN platform with 

additional executable programs via MATLAB. The approach that was taken consisted 

of 5 main steps: 

1) System was prepared with inputs from the operator which included making sure 

that the necessary labwares were present and placed appropriately on the 

deck. After the inputs had been defined, custom executables would be run 

automatically, via MATLAB, to perform calculations & produce worklists for the 

EVOware to work with. 

2) Once these had been performed, the TECAN would proceed to carry out the 

actual chromatography and fraction collection/storage. 

3) After the chromatography part had been completed, the TECAN would then 

proceed to measure the absorbance and determine volume of the collected 

fractions. 

4) The next part of the script would then prepare, measure the absorbance and 

determine the volume of the blanks. 

5) And lastly, a 2nd executable was launched automatically which performed 

calculations aimed to process the raw results and generate an end user report. 

 

Two challenging problems associated with HT chromatography are addressed with 

this work: (i) the complexity to which different experiments can be performed 

simultaneously and (ii) the handling of the data for said experimentations. 

 

The complexity of the HT experimentation is minimised by deploying a constant robot 

deck layout as shown in Figure 6.1. This deliberate design is intended to make the 

application accessible to both expert and casual users as it avoids the need to 

configure the robotic deck and applying the necessary changes to the script. 

Particularly for the novice users, this means they can still operate the robotic station 

and carry out experiments with minimal knowledge of the robotic manipulation or 

writing programmable scripts on the software associated with the robotic station. This 

is made possible because of the advanced EVOware script. It presents the end-user 

with a series of simple prompts and queries (e.g. number of Robocolumns to use, the 

fraction volumes to be collected, etc.) & converts the subsequent end-user inputs to 

command lines in the EVOware script. By circumventing the need for end-users to 

have to modify individual lines on a programming script which they may or may not be 
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familiar with, unintentional scripting errors can be avoided and precious time can be 

saved. 

 

Also, associated with any HT experimentation is the large volume of raw data resulting 

from the high number of runs performed. The processing of such raw data to allow 

meaningful interpretation of the data is a bottleneck. With multiple Robocolumns 

typical in a HT experimentation, the multiple wavelength measurements of each 

fraction collected from each Robocolumn can easily result in 1000s or 10000s of 

unique raw values to be analysed. This is by no means a trivial task when absorbances 

from blank solutions and pathlength determination of each fraction are to be taken into 

consideration. The application described herein facilitates this process by automating 

the steps needed to generate results like chromatograms (Figure 6.4) to allow faster 

decision making process. This goes hand-in-hand with the overall intention of HT 

experimentation - perform large number of experiments while not being impeded by 

the subsequent larger data sets and ultimately allow timely data interpretation. 

 

In summary, from the beginning to the end, the only manual or end-user intervention 

was at the very beginning when labwares preparation and input definition by the 

operator were required, i.e. Step 1. The input definitions were typical of any bench or 

larger scale chromatography which included the number of Robocolumns (1-8), 

column volume (CV) of Robocolumns, flow rates of each phase, CV of each phase, 

volume of fractions to be collected, wavelength(s) to be used by plate reader, etc. All 

other steps were essentially automated and required no manual intervention unless 

prompted by the script due to human errors like inadequate reagents or mechanical 

errors like a malfunctioned syringe. Therefore, a walk-away workflow for the HT 

experimentation and data analysis was achieved. 

 

The abovementioned technique had been applied to various resolution-driven 

separation applications. Various case studies had been performed based on different 

bind and elute chromatography principles (anionic exchange, cationic exchange and 

affinity) on model and complex mixtures (binary and ternary model proteins mixture 

and CHO cell broth) using different types of elution (gradient and isocractic). Users 

could define methods for fraction volume detection (absorbance/wavelengths and 

liquid detection with the tips on the LiHa) and quantification of proteins of interest in 
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the fractions collected in the UV-transparent 96-well plates (dual wavelength and 

chemometric assay). 

 

There were inherent limitations to this application. As this application had been 

intended for high resolution chromatographic separations, batch chromatography 

involving the deriving of adsorption isotherms and screening chromatographic media 

would be better served if a separate application had been created. Other limitations 

were related to the hardware and software utilised by the robotic system, notably the 

inability of the existing version of the EVOware system to perform several robotic 

actions and movements concurrently which could have further expedited the 

experimentation process. 

 

In the context of this thesis, this automated technique was utilised for the capture of 

Mab using Protein A from the various CHO cell cultures with different additives as 

discussed in Section 3.4.9. An example of the automatically generated 

chromatograms at the end of the experiment could be seen in Figure 6.4. The 

automatically generated chromatograms captured the relevant information needed in 

a chromatogram: x-axis denoted in terms of column volume (CV), y-axis denoted in 

terms of absorbance normalised to the pathlength (OA/cm), annotated phases of the 

chromatography and data from the fractions collected to serve as points on the 

pseudo-chromatograms. The rapid generation of the results in a meaningful manner 

enabled a faster decision making processes such as pooling of the desired fractions. 

The exact well locations on the 96-well plates of the elution fractions to pool were also 

available in the result report. The eluted fractions were subsequently pooled to obtain 

the Protein A-purified Mab products for later product quality analysis. Had this 

information not been available, the benefit of purifying multiple samples 

simultaneously on a robotic platform would have been overshadowed by the time-

consuming task of manually generating chromatograms and identifying the fractions 

to pool & the risk of product degradation due to the untimely decision making step 

which could impact the subsequent product quality analysis. 
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Figure 6.4: Examples of 8 separate chromatograms generated automatically by the advanced 

script based on the data from the collected fractions across different phases of the 

simultaneous Protein A purification of 8 different cell culture supernatants. 

 

It should be noted that this technique was not employed in the later work of scaling 

and optimisation of operating conditions for the downstream processing of the Mab, 

particularly the polishing steps, at the pilot scale (Chapter 7). The project had initially 

been ambitious to take that into consideration but more time and focus was ultimately 

given to the USP portion. Furthermore, the fact that the Mab produced by the 

investigated GS-CHO cell line had not had any significant challenges during the 

polishing steps as reported previously in a past PhD researcher (Tarrant 2014) meant 

minimal optimisation to the existing polishing steps was required. As such, the 

automated and high throughput chromatographic technique was only employed in the 

capture of Mab but its various other applications, not within the scope of this thesis, 

had been demonstrated separately within the published work.    
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6.3 Conclusion 

A high throughput workflow had been created with miniature chromatography columns 

on a liquid handling station. The technique enabled unsupervised use of the 

automation technology by end users without any automation expertise. It also 

facilitated the HT process by the automated generation of results to expedite decision 

making. Specific application in the parallel Protein A capture of Mab from 8 clarified 

CHO cell culture fluids had been described herein while other applications were further 

detailed in the published work. 
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7 Bioprocessing at the pilot scale (downstream process) 

 

7.1 Introduction and chapter objectives 

This chapter serves as an exercise to round up the whole bioprocess study with the 

harvest material from the 50 L in Chapter 4 being purified by a 3-steps platform 

downstream process that is representative of an manufacturing process. The pilot 

scale DSP work has been part of a collaborative effort involving various researchers 

within the department due to the utilisation of various complex unit operations, the 

scale and duration of operation. The planning and coordination of the work has been 

performed by the author while the execution of the work has been performed by all 

involved parties with no conflict of interest. Figure 2.4 shows the overall process 

flowchart that is inclusive of a simulated moving bed (SMB) chromatography step as 

part of the larger investigation at the CEX polishing step. However, that SMB work is 

part of a study by a fellow researcher and would not be discussed within this thesis as 

the knowledge of its operation is beyond the scope of this thesis. 

 

Summary of chapter objectives: 

• Demonstrate the feasibility of pilot scale downstream processing for the 

investigated Mab. 

• Determine, if any, the differences in product quality attributes of the different 

Mab fraction pools from the polishing chromatography steps.  

• Evaluate the process parameters of the different chromatography steps. 
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7.2 Clarification 

Clarification of the cell culture fluid (CCF) was performed in two separate processes 

(refer to Figure 7.1). The unclarified CCF with a total cell density of ~10x106 cell/mL at 

~65% viability at point of harvest had a turbidity of 977 nephelometric turbidity unit 

(NTU).  

 

Clarification-1 involved a direct filtration of the 15 L of CCF using depth filters, first 2x 

Sartoclear MaxiCaps DL60 then a Sartoclear MaxiCaps DL10. It was noted that using 

only depth filters for direct clarification of CCF was very time consuming. In order to 

operate the depth filtration at a constant pressure of 1.5 bar, the flux was decreased 

from 300 LMH, in decrements of 50 LMH, to 100 LMH within the first few litres of the 

CCF. A flux of 100 LMH was used subsequently until solid breakthrough. However, at 

100 LMH, the processing time for the remaining >10 L of CCF was still relatively long 

at 3-4 hours. This low flux was expected in part due to the fact that the CCF directly 

from the bioreactor was applied to the depth filter pod and it fouled quite quickly, 

resulting in multiple depth filter pods to be utilised. The resulting lower filtration 

performance with respect to flux and processing time was less than desirable even 

though the final turbidity was reasonable at 45 NTU.  

 

Clarification-2 involved a 2-steps clarification process of centrifugation followed by 

depth filtration for 30 L of CCF. The centrifugation was performed in two different 

throughput conditions of 90 L/h and 50 L/h, each with 15 L, which resulted in the 

turbidity of the supernatant to be 271 NTU and 227 NTU respectively. Subsequently, 

the two pools of supernatant were mixed and sent through a depth filter (Sartoclear 

MaxiCaps DL10). At this point, the pooled post-centrifugation sample had much lower 

particulate content and the depth filtration was able to be operated at a more 

reasonable flux (>100 LMH) and relatively shorter processing time as compared to 

Clarification-1. The final filtrate of Clarification-2 had a turbidity of 99 NTU.  

 

Finally, filtrate from both Clarification-1 and Clarification-2 was mixed together to get 

a homogenous pool and filtered using a Sartoclear MaxiCaps DL10. As with the 

previous depth filtration run post-centrifugation, this final depth filtration step was 
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performed with relative ease. This pre-Protein A sample had a final turbidity of 4 NTU 

and was deemed sufficient to be loaded onto the Protein A column. 

 

 

Figure 7.1: Turbidity of materials before and after the various clarification steps.  Start from the 
cell culture in the 50L SUB to either (i) Clarification-1: a 1-step depth filtration-only processing or (ii) 
Clarification-2: a 2-steps centrifugation and depth filtration processing, prior to a final depth filter/pre-
column filtration step before being loaded into the Protein A chromatography column. 
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7.3 Protein A, CEX and AEX 

Protein A capture was performed with MabSelect SuRe resin with minimal optimisation 

on the operating conditions as detailed in Section 2.6.2.1. The Protein A step had 

demonstrated to be very effective in removing product impurity. It was able to 

selectively bind to the Fc region of a Mab, allowing the light chain (LC) fragments and 

LC-dimers (2LC) present in the load to be only retained in the flowthrough and a 

relatively high purity Mab was obtained in the eluate (Figure 7.2). As with previously 

reported optimisation data pertaining to the SDS-PAGE (Section 3.2.1.2), the 

presence of half-mers (HC-LC) could still be detected at a pilot scale Protein A 

chromatography. This excess production of LC and its associated LC-dimers during 

the culture had been observed in the shake flask and 5 L bioreactor cultures in Chapter 

3 & 4 too. It had been previously suggested by Smales et al. (2004) that excess LC 

was a prerequisite for efficient Mab production. This was based on the observation 

that all their various GS-NS0 cell lines had significant excess amount of LC while only 

the highest producer cell line had detectable HC; LC concentration was also correlated 

to the qp. This particular study was of significant relevance as the studied Mab was of 

the same IgG4 cB72.3 construct, albeit transfected in a different host cell line (c.f. GS-

NS0 vs. GS-CHO). A more recent investigation by Ho et al. (2013) into LC:HC ratio 

for optimal Mab production had also demonstrated that a cell line with LC:HC ratio of 

>1 generated the highest Mab monomers (>97%) whereas a ratio of 0.32 gave a 

mixture of monomers, aggregates and fragments, thus supporting the claim that 

excess LC was essential for proper Mab folding and assembly. A total of 35 L of 

Protein A load was available for processing. However, the column was under-sized 

due to a lack of MabSelect SuRe resin. As a result, the pre-filtered Protein A load had 

to be performed in two cycles with the first cycle being 24 L and the second being 11 

L. The Protein A eluate from each of the cycles was neutralised immediately after the 

elution step. While the second cycle was being performed, the neutralised Protein A 

eluate from cycle #1 was kept in the fridge. After cycle #2 was completed and 

appropriately neutralised, it was mixed with that from cycle #1. The pooled neutralised 

Protein A eluate was subsequently kept frozen at -80ºC because of logistical issues – 

the same BPG100 column that the Protein A resin was in had to be repacked with the 

CEX resin because there was only one such column available. 

 



Page 269 of 308 
 

 

Figure 7.2: Image of non-reducing SDS-PAGE with samples from the various phases of the 
Protein A chromatography. 

 

Polishing of the Mab began from a neutralised Protein A eluate, pooled from two 

Protein A cycles, that had been frozen and thawed once followed by an UF/DF step 

into the CEX buffer. This CEX load had <1% HMW and approximately 650 ppm HCP. 

For the CEX-Batch run, two fraction pools were collected over a gradient elution as 

depicted in Figure 7.3. The first pool (main peak), which eluted first, was labelled as 

CEX-Batch-Main and the second pool (shoulder peak) was labelled as CEX-Batch-

Shoulder and would be identified as such in the remainder of this chapter. Samples 

from all chromatographic runs, except the fractions from the strip steps, were 

subjected to HCP quantification, charged variants distribution analysis and % 

monomer determination (refer to Table 7.1). Both the CEX-Batch-Main and CEX-

Batch-Shoulder had <2% HMW while the HCP was approximately 160 ppm and 610 

ppm respectively. The charge variants distribution for the CEX-Batch-Main was 

comparable to that of the Protein A eluate (Figure 7.5). However, the proportion of 

basic variants was higher in the CEX-Batch-Shoulder than the CEX-Batch-Main and 
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Protein A eluate; the higher proportion of basic variants in the former also had a 

proportionally lower main variants. The higher proportion of basic variants in the CEX-

Batch-Shoulder was not surprising as Mab that eluted later in the CEX were more 

strongly bound to the negatively charged SP Sepharose resin. Hence, these more 

positively charged Mab variants (CEX-Batch-Shoulder) were proportionally more basic 

than the CEX-Batch-Main.  

 

Each of the fraction pools underwent another UF/DF step into the AEX buffer before 

the AEX was carried out in a typical batch and flowthrough mode. The subsequent 

fraction pools after the AEX were labelled as AEX (CEX-Batch-Main) and AEX (CEX-

Batch-Shoulder). All AEX samples had <1% HMW and between 25-51 ppm HCP. The 

charged variants distribution of the AEX samples was fairly similar to that of their 

respective CEX counterparts, i.e. CEX-Batch-Main vs. AEX (CEX-Batch-Main) & CEX-

Batch-Shoulder vs. AEX (CEX-Batch-Shoulder). In both cases, the AEX samples had 

slightly lower proportion of acidic variants and higher proportion of basic variants than 

their respective CEX counterparts. It was likely that the AEX column was selecting for 

the more basic variants given that it was operated in flowthrough mode – the more 

negatively charged (acidic variants) would be bound to the positively charged resin 

while the more positively charged (basic variants) would flow through the column. The 

higher proportion of basic variants after AEX compared to before could have also been 

due to unintended oxidation of amino acid residues (e.g. cysteine, methionine, 

tryptophan, etc.). These modifications could have occurred during the intermediate 

step of UF/DF post CEX where exposure to light or simply (temporary) storage 

between process steps could have promoted such degradations (Chumsae et al. 

2007, Khawli et al. 2010, Wang et al. 2011). This could not be verified as charged 

variants analysis was not performed on samples from UF/DF steps.     

 

After the AEX runs, each of the fraction pools went through a separate and final UF/DF 

step to get the Mab samples in a pre-formulation buffer which were then kept frozen 

at -80°C. These drug substances were later used in lyophilisation experiments that 

were beyond the scope of this thesis.  
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Figure 7.3: Chromatogram of the CEX-Batch.  

 

 

 

 

Figure 7.4: Overlay of AEX chromatograms (flowthrough mode) of the CEX-Batch-Main and CEX-
Batch-Shoulder samples. 
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Table 7.1: Product quality attributes at different chromatography steps. 

 
Mab 

conc. 
HCP 
conc. 

ng 
HCP 

per ml 
Mab 

Charge variant 
distribution (%) 

Monomer 

(g/L) ng/mL ppm Acidic Main Basic % 

Protein A eluate 9.019 5901 654 21.5 44.2 34.3 99.6 

CEX-Batch-Main 4.958 805 162 21.0 46.4 32.5 98.6 

CEX-Batch-Shoulder 0.900 551 612 23.6 32.5 44.0 98.9 

AEX (CEX-Batch-Main) 5.007 127 25 20.2 43.6 36.2 99.8 

AEX (CEX-Batch-Shoulder) 3.540 179 51 17.0 36.9 46.1 99.7 

 

 

 

 

Figure 7.5: Charged variants distribution of Mab from the different product pools. 
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7.4 Unfolding and denaturation of the Mab during CEX 

Free thiol assay could be performed to measure how much free thiol groups were 

present on the Mab that were readily exposed to the buffer environment. It could be 

taken as an indication of how much the Mab had unfolded because the sulfhydryl (thiol) 

functional groups that were commonly found in inter-chain and intra-chain disulphide 

bonds of a Mab were typically shielded within the structure. This meant that if a Mab 

was in its native and properly folded form, there should be minimal free thiol being 

detected whereas a Mab in a partially or fully unfolded state would expose more of its 

free thiol, if present in the previously shielded region, to the reagents of the assay. The 

higher the molar ratio of free thiol to Mab concentration, the more easily unfolded the 

Mab would be. It should be noted that this assay was not taken as a measure of 

reduction but more of an indication of the extent of unfolding because SEC & SDS-

PAGE (non-reduced) already proved that there were no reduced fragments in these 

post-Protein A samples. However, this assay could give insight to the extent of 

complete disulfide bonds formation in the Mab. 

 

The data from the free thiol assay performed on the samples as shown in Table 7.2 

suggested that the Mab from the Batch-Shoulder process (CEX & AEX) had more 

exposed free thiol groups on the Mab in the native state compared to that in the Batch-

Main process (CEX & AEX). Even in the denatured state using 3.5 M GuHCl, Mab 

from the Batch-Shoulder process (CEX & AEX) had more exposed free thiol than the 

Batch-Main counterparts. This indicated that the Mab in the CEX-Batch-Shoulder was 

in an environment that promoted denaturation (or unfolding) more than its counterpart 

and this effect persisted even after the AEX steps. A likely situation was that two 

distinct variations of the Mab were created after the CEX-Batch step, with one being 

in a more native and densely folded conformation while the other being in a partially 

unfolded conformation.  

 

Interestingly, all samples had minimal HMW species which suggested that the 

conformational change (slight unfolding) experienced by the Mab after the CEX-Batch 

step was not sufficient to induce aggregation behaviours. This contrasted with various 

recent reports that CEX surface-mediated denaturation typically resulted in some level 

of HMW formation, with upwards of 60% of fraction pool containing HMW depending 
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on the CEX operating conditions. Resin type, ranging from the weak and strong cation 

exchangers to the tentacle- or non-tentacle types, was also investigated but the 

phenomenon of Mab unfolding and aggregating appeared in all studies and much less 

so for the macroporous resins (Gillespie et al. 2012, Guo et al. 2014, Guo and Carta 

2015). Supposedly, the susceptibility for this phenomenon to exist was dependent on 

the Mab itself too because the Mab that had been used in this thesis appeared to have 

very low propensity for HMW formation with samples with most process steps having 

close to 99% monomer with minimal optimisation performed. Gillespie et al. (2012) 

had demonstrated arginine to be an effective excipient to have in all buffers of the CEX 

to reduce HMW formation but this was not tested in the work presented here as there 

was no major problem concerning HMW formation. It should be noted that none of 

these published works performed the free thiol assay on their Mabs. However, they 

did verify the surface-mediated denaturation observation with hydrogen deuterium 

exchange mass spectrometry (HX-MS). While the HX-MS technique did not 

specifically look at disulfide bonds, the ease with which their Mab unfolded when in 

contact with the CEX could suggest a weaker force holding the native tertiary structure 

together, i.e. less disulfide bonds or more free thiol that facilitated the unfolding. 

 

As alluded to earlier, Mab investigated in this thesis had surprisingly low aggregation 

propensity. The very low levels of free thiol in both the native and denatured forms 

suggested that the disulfide bonds within the Mab were mostly intact. This was in 

contrast to various published data on the free thiol assay performed on native and 

denatured Mabs where the molar ratio of free thiol to Mab concentration was upwards 

of 0.02 and ranging from 0.08 to 4 respectively (Zhang and Czupryn 2002, Taylor et 

al. 2006, Liu et al. 2007, Liu and May 2012). The comparatively lower molar ratio for 

the IgG4 investigated herein could be indicative of its low aggregation propensity. 

 

Table 7.2: Summary of free thiol assay for the different chromatography steps. 

 

 Molar ratio of free thiol to Mab conc. 

Native Denatured 

Protein A eluate 0.0049 0.0641 

CEX-Batch-Main 0.0044 0.0775 

CEX-Batch-Shoulder 0.0068 0.0891 

AEX (CEX-Batch-Main) 0.0030 0.0408 

AEX (CEX-Batch-Shoulder) 0.0061 0.0723 
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7.5 Yield and productivity 

Amongst all the DSP steps, the Protein A and AEX steps had the highest with > 95% 

yield (refer to Table 7.3). If the 2 different CEX steps were taken as separate 

processes, each of them had relatively poor yields. CEX-Batch-Main and CEX-Batch-

Shoulder had a yield of 59.2% and 18.5% respectively. The reason why CEX-Batch-

Main and CEX-Batch-Shoulder had low yields was because the two fraction pools 

were calculated as individual fractions out of the total load. It should be re-emphasised 

that both the CEX-Batch-Main and CEX-Batch-Shoulder were in fact two different 

fraction pools from the same CEX-Batch experiment. If the CEX-Batch was to be 

quantified as a single fraction pool combining that of the Main and Shoulder peaks, 

the overall yield would be 77.7%. Taken altogether, a DSP train involving (1) Protein 

A – CEX-Batch-Main – AEX, (2) Protein A – CEX-Batch-Shoulder – AEX and (3) 

Protein A – CEX-Batch (combined) – AEX (averaged) gave an overall process yield of 

57.0%, 17.9% and 75.0% respectively. The overall process yield of 75% obtained 

herein was within the industry’s expectation of 70-80% (Kelley 2007, Kelley 2009). By 

looking at these 3 scenarios, it could be inferred that a trade-off had to be made 

between the desired overall yield and product quality of which the latter had been 

described in greater detail in Section 7.3 & 7.4. 

 

The productivity of Protein A, CEX-Batch-Main, CEX-Batch-Combined and AEX (CEX-

Batch-Main) were decent and within expectations (Girard et al. 2015, Baur et al. 2016, 

Dutta et al. 2017, Gjoka et al. 2017); higher loading challenge and greater yield would 

improve productivity as depicted in Table 7.3. In the case of the CEX-Batch-Shoulder, 

the yield of that specific fraction pool was too low and that resulted in a very small 

product recovery compared to the load applied. On the other hand, in the scenarios of 

AEX (CEX-Batch-Shoulder), the very low load challenge resulted in a less than 

desirable productivity. This was due to the fact that the same AEX column was used 

for all 3 different AEX runs. The AEX (CEX-Batch-Shoulder) run had lower load 

challenge because the AEX column was over-sized in relative terms as compared to 

the AEX (CEX-Batch-Main); the AEX run for the former process took a longer time 

than it should. In an actual production, the column would have been sized 

appropriately to match the incoming load. It was to be noted that each of the process 

steps that used the same type of resin was from the identical column of that particular 
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type; size of column, as stated in the Section 2.6.2.3, was not modified for each 

process step investigated. 

 

Table 7.3: Summary of load challenge, productivity, step yield and process yield of the DSP. 

 Load challenge 
(mass of 

Mab/resin 
volume) (g/L) 

Productivity 
(g/L/hr) 

Step yield  
(%) 

Protein A* 28.57* 12.26* 99.4 

CEX-Batch-Main 41.02 12.77 59.2 

CEX-Batch-Shoulder 41.02 4.01 18.5 

CEX-Batch (combined) 41.02 16.78 77.7 

AEX (CEX-Batch-Main) 23.41 9.56 96.8 

AEX (CEX-Batch-Shoulder) 2.65 1.65 97.4 

 Process yield 
(%) 

Protein A – CEX-Batch-Main – AEX 57.0 

Protein A – CEX-Batch-Shoulder – AEX 17.9 

Protein A – CEX-Batch (combined) – AEX (averaged) 75.0 

*averaged values of both cycles were used  
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7.6 Conclusion 

The pilot scale downstream processing of the material from the 50 L SUB culture 

(Section 4.3) had been successful; all the purified drug substances after the final polish 

step were of a very high purity with < 1% HMW and < 51 ppm of HCP (Table 7.1). 

Clarification had been demonstrated in two modes: (1) direct depth filtration and (2) 

centrifugation followed by depth filtration. The former had to be operated at a lower 

flux than the latter due to the direct load from the CCF. It was also worth noting that 

an excess of LC subunit and LC-dimers could be found during the culture. The 

subsequent Protein A step was able to capture the Mab target while removing product 

impurities (LC and LC-dimers) with a yield of >99% over 2 cycles. The resulting eluate 

was processed via a bind and elute CEX step in batch, followed by a flowthrough AEX 

step. Two different polishing trains were generated: (1) CEX-Batch-Main to AEX and 

(2) CEX-Batch-Shoulder to AEX. The CEX-Batch-Shoulder had the lowest yield. Free 

thiol assay indicated that the Mab in CEX-Batch-Shoulder experienced more unfolding 

than the CEX-Batch-Main. Despite the partial unfolding of the Mab, insignificant HMW 

formation was observed for all samples. A further slight improvement in HMW removal 

was also observed after the AEX step. Final HCP clearance post-AEX was satisfactory 

with the AEX (CEX-Batch-Shoulder) having a slightly higher HCP level than the AEX 

(CEX-Batch-Main). Product quality with respect to charge variants distribution was 

generally maintained throughout the DSP with a slight loss of acidic variants and gain 

of basic variants after the AEX step compared to after the CEX step. It was noted that 

the Mab fraction pool isolated from the main peak during the CEX-Batch had a 

demonstrably different charge variants distribution than that from the shoulder peak 

while that of the CEX-Batch-Main closely resembled the Protein A eluate. It was noted 

that the Mab produced by the CY01 cell line investigated within this thesis had a very 

low propensity for aggregation across all DSP steps. This demonstrated that even after 

the USP stage, the product qualities of a Mab could be maintained or altered based 

on the DSP conditions. It also exemplified the necessity for product quality monitoring 

at the various stages within the whole bioprocess. 
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8 Conclusion and future work 

 

8.1 Overall conclusion 

As an overview, this thesis had 5 main results chapters covered in Chapter 3, 4, 5, 6 

and 7. Chapter 3 and 4 detailed the extensive characterisation of cell cultures in shake 

flasks and subsequently in bioreactors with respect to growth, metabolites and 

productivity of the GS-CHO cell line that produced an IgG4 Mab. Chapter 5 detailed 

the use of off-gas MS analysis as a means of providing real-time process monitoring 

of the fed-batch cultures in the 5 L and 50 L bioreactors performed in Chapter 4. A 

peer-review version of the work covering this off-gas MS analysis has also been 

published (Goh et al. 2020). Chapter 6 briefly covered the development of a flexible 

and automated methodology for high throughput chromatography using miniature 

chromatography columns on a liquid handling station; a paper with greater details to 

this technique and its applications had been published (Konstantinidis et al. 2018). 

Lastly, Chapter 7 detailed the evaluation of the pilot scale downstream process of the 

materials generated from the 50 L culture performed in Chapter 4 to conclude the 

overall bioprocess study. 

 

In Chapter 3, analytics development had been carried out to optimise the relevant 

techniques necessary for the routine analysis of the cell culture and the Mab product. 

Assay artefacts arising from the initial use of culture additive, spermine, during cell 

counting was circumvented through simple dilution of the samples in question (Section 

3.2.1.1). However, assay artefacts pertaining to the formation of half-mers of Mab in 

non-reduced SDS-PAGE could not be avoided despite various optimisation attempts; 

SEC was used as an orthogonal method to prove the presence of half-mer as an assay 

artefact of SDS-PAGE (Section 3.2.1.2). The analytics development was especially 

crucial for analysis of product quality attributes. Within the same chapter, the cell 

culture work included the extensive investigation into the effects of seeding density, 

cell age and biphasic culture temperature on the growth and metabolites profiles and 

productivity. Optimal concentrations, time of additions and effects of culture additives 

(NaBu, Cu, Long-R3 and spermine), used individually and in combinations, were also 

studied. Charged variants analysis were performed on the harvested and purified Mab 

samples of the control and single additive cultures. These investigations were 



Page 279 of 308 
 

performed in batch and fed-batch modes. The fed-batch strategy for shake flask 

cultures had also been optimised to facilitate comparison when used in the bioreactor 

runs discussed in Chapter 4. The data presented in Chapter 3 showed that 

manipulation of seeding density, cell age and biphasic culture temperature generally 

influence productivity at the cost of time and VCC. The use of culture additions had a 

more significant impact on the CHO cells with respect to growth and metabolism, e.g. 

NaBu was cytotoxic (Figure 3.19A) and Cu could induce lactate metabolism shift from 

production to consumption (Figure 3.22C) at appropriate concentrations and different 

time of additions. The use of multiple additives simultaneously did not result in 

synergistic outcomes (Section 3.4.6 and 3.4.9). Charged variants analysis also 

revealed that NaBu and Long-R3 had negligible impact on the charged variants 

distribution while Cu increased the proportion of basic variants and spermine 

increased the proportion of acidic variants when compared to control culture (Table 

3.5). This suggested that a trade-off should always be considered with regards to 

product quantity and product quality, especially if a specific product quality was known 

to be critical to the effectiveness of the drug product in patients. The shake flask cell 

culture work described herein provided a working knowledge of the characteristics of 

the CHO cell cultures when subjected to various physical and biological perturbations. 

 

In Chapter 4, a similar process of characterisation and optimisation was carried out at 

the 5 L bioreactor scale instead of the shake flasks scale in Chapter 3. A major 

component of the work in Chapter 4 involved the optimisation of the feeding and 

operating strategy to be employed in fed-batch bioreactor runs. A series of iterations 

and improvements were made to the initial strategy used within the mammalian lab by 

previous researchers (Table 2.2). The primary rationale to optimise the feeding and 

operating strategy was due to the flawed preparation of the feed media used 

previously which had solubility issues (Section 4.2.3). The final feeding strategy (FS-

STR4) to be used in the new reference culture was much simpler to implement and 

resulted in more reproducible runs than before. It should also be noted that this feeding 

strategy was identical to the one used in Chapter 3 for shake flasks fed-batch cultures 

with the exception of base/pH control. Subsequently, investigation into the use of 

various operating conditions (biphasic culture temperature and low pH) and additives 

(NaBu and Cu) were carried out. Mild hypothermia prolonged the bioreactor culture 

but the lactate metabolism was not comparable to that in the shake flask (Section 
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4.2.5.1). Low pH reduced the growth of the CHO cells in the bioreactor but the specific 

productivity almost doubled and had minimal lactate accumulation when compared to 

the control culture (Section 4.2.5.2). NaBu decreased culture viability upon addition 

which was expected; the desirable metabolism shift from lactate production to 

consumption was not observed. The use of Cu did not result in any observable 

differences from the control in terms of growth, metabolism and titre (Section 4.2.5.3). 

Subsequently, a scale-up effort was successfully conducted from the 5 L glass 

bioreactor system to the 50 L SUB system based on constant P/V, similar VVM and 

the same feeding strategy (Section 4.3). Despite a slightly higher peak VCC achieved 

in the 50 L scale, all other measurable off-line data, including metabolites and titre, 

was comparable to the 5 L runs. This indicated that the optimised feeding strategy 

(FS-STR4) and scale-up methodology described herein were appropriate and robust 

enough for a scale-up from 5 L to 50 L; these feeding strategy and scale-up 

methodology would serve as a framework for future work. A summary of conditions 

and key results from the bioreactor experiments can be found in Table 4.1. 

 

In Chapter 5, the technical feasibility of implementing off-gas MS analysis at the 

benchtop 5 L scale and the pilot 50 L scale for monitoring purposes was successfully 

evaluated. Cell culture data described within this chapter was taken from Chapter 4, 

i.e. off-gas MS was connected to some of the bioreactor runs mentioned in Chapter 4. 

The work presented in this chapter was a proof of concept that the real-time off-gas 

MS analysis could provide metrics for cell culture performance throughout the culture 

duration in a non-invasive manner as opposed to conventional method which 

physically perturb the state of the cell culture. Implications of various actions or events 

during cell culture on the MS traces were determined with antifoam and feed media 

addition to have the most obvious impact on the gas traces. This technique was also 

able to pick up tell-tale signatures of a clogged venting filter and loss of compressed 

air supply (Table 5.1). Parameters derived from the off-gas data could be used to 

identify growth phases, metabolic states of the cultures and even kLa changes 

throughout the cultures (Section 5.3.2). The various signals were more noisy in the 5 

L than the 50 L due to an inherent disadvantage in the former system with regards to 

its gas delivery method. Notably, the RQ signals correlated with either the lactate 

production or consumption phase during the cultures (Section 5.3.3). While the RQ-

metabolism correlation described herein may be weak, this initial set of data would 
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prove useful for future work. The work presented here was able to provide additional 

insights to the cell culture that traditional off-line measurements could not. The 

preliminary study of the technical feasibility of off-gas MS analysis discussed in this 

chapter could be the basis for a control loop strategy as part of the drive towards PAT 

in the upstream process of the biopharmaceutical industry. 

 

In Chapter 6, the development of a flexible and automated methodology for high 

throughput chromatography using miniature chromatography columns on a liquid 

handling station was briefly covered. In the context of this thesis, this technique was 

applied specifically for the rapid capture of Mab from the cell culture by Protein A for 

subsequent product quality attributes analysis. A paper had been published with more 

in-depth discussions of this technique and the other applications for resolution-driven 

separations using said technique which were beyond the scope of this thesis 

(Konstantinidis et al. 2018). This high throughput and automated methodology was not 

employed in the later work of optimisation of operating conditions for the pilot scale 

downstream processing of the Mab discussed in Chapter 7. This was in part due to a 

lack of time to carry out any optimisation work that would work across both scales 

(micro- and pilot- scale) and in part due to the fact that no significant challenge, 

especially with HCP clearance, had been reported during the polishing steps of a 

bench-scale chromatography platform by a previous PhD researcher. The latter 

assumption proved to be correct as shown in Chapter 7. 

 

Finally, in Chapter 7, the pilot scale downstream processing of the material from the 

50 L SUB culture (Chapter 4) had been performed successful. Within the CEX step of 

DSP, 2 separate fraction pools (main and shoulder peak) were collected and 

subsequently processed in the same way until the pre-formulation stage. All the 

purified drug substances after the final polish step are of a very high purity with < 1% 

HMW and < 51 ppm of HCP (Table 7.1). Additional assays also revealed that the Mab 

in CEX-Batch-Shoulder experienced more unfolding than the CEX-Batch-Main 

(Section 7.4). The CEX-Batch-Shoulder sample had a demonstrably different charge 

variants distribution than that from the CEX-Batch-Main; the CEX-Batch-Main and 

Protein A eluate were also more similar in their charged variants distribution than  with 

the CEX-Batch-Shoulder sample (Figure 7.5). The most significant finding from this 

DSP work was the Mab (cB72.3) produced by the GS-CHO cell line (CY01) had a very 
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low propensity for aggregation across all DSP steps. Given that product aggregation 

had been linked to adverse side effects, this could perhaps serve as a basis for future 

work for understanding the Mab’s molecular structure and identification of critical 

attributes that made this molecule less likely to aggregate. It was also noted that an 

excess of LC subunits and LC-dimers could be found during the 50 L culture (Figure 

7.2), as had been observed in cell culture work in shake flask and 5 L bioreactor 

(Figure 3.6). These product-related impurity was not of great concern during the 

purification stage as Protein A was able to effectively remove them. Similar to the low 

propensity to aggregate, the significance of the presence of the LC and LC-dimers 

during Mab synthesis in cell culture could be another avenue of cell line engineering. 

Overall, this chapter had demonstrated that, at the pilot scale, even after the USP 

stage, the product qualities of a Mab could be maintained or altered based on the DSP 

conditions. It also exemplified the necessity for product quality monitoring at the 

various stages within the whole bioprocess. 

 

8.2 Future work 

The characterisation of cell culture with regards to the growth and metabolites profile 

along with productivity can be performed more efficiently with a culture platform with 

higher throughput. While platforms like microtitre plate could offer higher throughput, 

sample volumes and laborious manual handling can become issues. More importantly, 

the platform should also be appropriately instrumented and allowed for environmental 

control like pH and DO. These two parameters are not controllable in the shake flask 

cultures performed in this thesis and as such could not have been compared directly 

to the bioreactor runs. Particularly, lactate have always accumulated to a lower extent 

in the shake flask cultures compared bioreactor cultures and the change in pH is 

thought to have been a factor but could not be shown. Existing commercially available 

miniature culture platforms like the ambr system by Sartorius or MicroMatrix by 

Applikon can be the solution to the lack of throughput and environmental control 

associated with the use of shake flasks. One should be aware of the operational 

differences between the two systems, particularly with the ambr being a stirred system 

and the MicroMatrix being a shaken system. Regardless, only if  issues like low sample 

volumes and laborious manual handling could be adequately addressed, then a high 

throughput platform should be used to widen the experimental space to investigate 
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more parameters and additives for the cell culture. For instance, only a single low 

temperature shift (32 °C from 37 °C) has been performed while a wider range of lower 

temperatures could have been tested and optimised for. Perhaps a more relevant 

application for the high througput platform would be the determination of various 

culture additives, in terms of the sheer numbers and combination possibilities. A 

Design of Experiment (DOE) approach should be taken to leverage on reduced 

number of experiment runs while maintaining a reasonable statistical and predictive 

capability. This could also be applied to the optmisation of feeding strategy in fed-

batch cultures; the several strategies that have been discussed in the thesis especially 

at the 5 L bioreactor scale have been iterative and slow. While the final results that 

have been presented in the thesis are satisfactory, the development process could 

have been shortened. A further improvement would also be the characterisation of the 

cell cultures grown in perfusion mode as this mode of cultivation is distinctly different 

from batch or fed-batch mode. Insights into how the cell line behaves in different 

cultivation states could be made to determmine the suitability or adaptability of the cell 

line and its product for various applications. 

 

Furthemore, it has been proposed at the end of Section 4.4 that cultures without active 

pH control might be more beneficial for the cultures in terms of productivity. This work 

can be taken further forward by performing fed-batch cultures with and without pH 

controls or setting a wider upper and lower pH action limits for the bioreactor control 

system to engage pH control. An assessement based on the growth profile and in 

particular, the titer and product quality should be monitored. A cell cycle analysis could 

also be performed across the conditions to further elucidate the cellular states and 

linking it to the productivity levels. 

 

As alluded to earlier, the application of the off-gas MS analysis that has been 

discussed thus far is only for monitoring purposes. It has been established in the thesis 

that parameters derived from the real-time off-gas data can reveal distinct metabolic 

states in the fed-batch cultures, specifically pertaining to the lactate production and 

consumption phases. A direct follow up on that would be to better determine the impact 

of abiotic contribution of CO2 to the calculation of CER & RQ terms by means of using 

a culture media with known bicarbonate concentration. A practical investigation into 
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the application of off-gas MS will be the use of these real-time data to feed into a 

control loop strategy that allows automated feeding strategy to maintain a culture at a 

particular metabolic state based on the RQ measurement. To the author’s knowledge, 

this is technically possible as the MS can be connected to an appropriate 

communication port on the bioreactor control system as mentioned by the MS vendor. 

This application could very well be more suited for a perfusion-based system as 

perfusion cultures are typically run at psuedo-steady state. Therefore, the metabolic 

state of the perfusion culture, once it is at the steady state, would be uniform ideally. 

As such, any deviations in the metabolic state could potentially be captured by the off-

gas MS at a much faster rate due to its real-time analysis capability. This is in great 

contrast to the use of off-line metabolite measurements whose interval of 

measurement would still be several hours for practicality reasons compared to literal 

seconds with the off-gas MS. A slightly different application of the off-gas MS analysis 

would be to not just look at the common gaseous components like oxygen and carbon 

dioxide but also at other volatile organic molecules and non-tradtionally measured 

components like hydrogen sulfide and gaseous metabolite intermediates that are 

potentially released during culture. Work must first be done to determine if these 

molecules can be detected by the MS. Subsequently, they can be correlated to the 

metabolic states of the culture, e.g. start of feed, end of feed, start of exponential phase 

and even the onset of the death phase. Ultimately, these molecules can be used as 

indirect but specific metabolic signatures relevant to the cell culture itself or perhaps 

the product quality, in addition to what the oxygen consumption and carbon dioxide 

evolution can tell us. Another novel but practical application of the off-gas MS analysis 

would be to use it as an early detection tool of microbial contamination. This proof-of-

concept can be demonstrated by comparing the off-gas data of a standard (non-

contaminated) culture against that of an identical culture that has been artificially 

contaminated. The hypothesis is that contaminated culture will present a different and 

distinct off-gas profile compard to a typical sterile culture. Different types of 

contamination can be carried out to demonstrate the applicability of this technology, 

e.g. bacterial versus mycoplasma. The latter is notoriously difficult to detect given its 

ability to pass through typical 0.2 µm sterile filters. The extent of contamination can 

also be tested, e.g. start of the culture or middle of the culture as well as the quantity 

of contaminants introduced into the system. By knowing the amount of lag time the 

off-gas profile registers a change based on the extent of contamination, it can then be 
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determined how robust this online contamination detection system is. The goal would 

be that by just using the off-gas traces alone, the critical decision of batch termination 

could be made in a more timely manner and potentially reduce the losses a 

biopharmaceutical company will incur. 

 

The excess production of LC and LC-dimers during culture, together with the low 

propensity of the Mab investigated in this thesis to aggregate implied that cell line 

engineering is a worthwhile avenue to explore. The scope of this particular thesis has 

excluded any cell line engineering work. However, the data compiled in this thesis has 

shown that the cell line and the Mab that the cells produce have interesting 

characteristics that warrant deeper investigation. Excess LC formation could be a sign 

of non-optimised rate of Mab production. The energy and amino acid components that 

have been wasted via the excess product impurities could be better directed by cell 

line engineering. A more industrially relevant motivation would be to determine the 

cause of this Mab’s very low propensity for aggregation. Potential drug candidates in 

research & development pipelines have to be screened early on for critical quality 

attributes such as aggregation levels. If there are regions or sites on this particular 

Mab that are attributable to its low aggregation propensity, future Mab candidates can 

then be designed much more cleverly to help reduce development time and ease the 

manufacturing process. Mutation of amino acid residues or insertion of unnatural 

amino acids could prevent undesirable chemical reactions. Alteration of these amino 

acid sequences could also change the conformational 3-dimensional structure of the 

Mab and thereby, shield the susceptible region from chemical or enzymatic 

degradation. 
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