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Abstract: The use of hydrogen as a renewable fuel has gained increasing attention in recent years
due to its abundance and efficiency. The decomposition of formic acid for hydrogen production
under mild conditions of 30 ◦C has been investigated using a 5 wt.% Pd/C catalyst and a fixed bed
microreactor. Furthermore, a comprehensive heterogeneous computational fluid dynamic (CFD)
model has been developed to validate the experimental data. The results showed a very good
agreement between the CFD studies and experimental work. Catalyst reusability studies have shown
that after 10 reactivation processes, the activity of the catalyst can be restored to offer the same level
of activity as the fresh sample of the catalyst. The CFD model was able to simulate the catalyst
deactivation based on the production of the poisoning species CO, and a sound validation was
obtained with the experimental data. Further studies demonstrated that the conversion of formic
acid enhances with increasing temperature and decreasing liquid flow rate. Moreover, the CFD
model established that the reaction system was devoid of any internal and external mass transfer
limitations. The model developed can be used to successfully predict the decomposition of formic
acid in microreactors for potential fuel cell applications.

Keywords: formic acid decomposition; H2 production; computational fluid dynamics (CFD); mi-
croreactors; Pd catalyst; green chemistry

1. Introduction

The use of conventional fossil fuels for energy production have led to serious climate
and environmental concerns. The steep rise in energy demand will result in global fossil
fuel consumption rate to double in the next 30 years, leading to faster depletion of these
fuels. This has led to the development of alternative technologies to obtain renewable
fuels. Hydrogen (H2) is a prime example of such fuels which gained increasing attention
because of its high energy density and efficiency. H2 can also be used for proton exchange
membrane fuel cells (PEMFC). H2 as a clean alternative energy source can be obtained
from water electrolysis, hydrogenase, biomass, and formic acid (FA) [1].

Catalysts 2021, 11, 341. https://doi.org/10.3390/catal11030341 https://www.mdpi.com/journal/catalysts

https://www.mdpi.com/journal/catalysts
https://www.mdpi.com
https://orcid.org/0000-0003-0652-4502
https://orcid.org/0000-0001-8656-6256
https://orcid.org/0000-0001-8415-1129
https://orcid.org/0000-0002-6620-4335
https://orcid.org/0000-0002-7763-9481
https://doi.org/10.3390/catal11030341
https://doi.org/10.3390/catal11030341
https://creativecommons.org/
https://creativecommons.org/licenses/by/4.0/
https://creativecommons.org/licenses/by/4.0/
https://doi.org/10.3390/catal11030341
https://www.mdpi.com/journal/catalysts
https://www.mdpi.com/2073-4344/11/3/341?type=check_update&version=2


Catalysts 2021, 11, 341 2 of 19

Formic acid has been considered as a desirable source of H2 due to its high H2 density
(≈4.4 wt.%), non-toxicity, stability, and sustainability. H2 production from formic acid de-
composition typically occurs via two pathways, the common path being dehydrogenation
of formic acid which generates and carbon dioxide (CO2) as a by-product. On the other
hand, the dehydration of formic acid is another route which can produce water (H2O) and
undesirable carbon monoxide (CO) [2]. The catalysts employed for the dehydrogenation
of formic acid can be classified into two distinct categories which are homogeneous and
heterogeneous ones. The former type is often based on Ir [3], Ru [4], and Fe [5] complexes,
and typically have high selectivity and catalytic activity. Heterogeneous catalysts are often
based on Pt [6], Au [7], Pd [8,9], Ag [10], Co nanoparticles [11], and allow and provide ease
of separation, better control, and are recyclable [12].

The catalysts gaining increasing attention in current studies are Pd-based and those
with Pt-group metals. These catalysts are distinguished by their high activity and selec-
tivity’s [13]. The heterogeneous decomposition of formic acid takes place in gas phase
due to the high reaction temperature (373 K). Subsequent research focused on the devel-
opment of efficient heterogeneous catalysts to perform the liquid phase decomposition of
formic acid [1]. Sanchez et al. [9] studied the performance of a commercial 5 wt.% Pd/C
catalyst for the catalytic, additive-free decomposition of formic acid at mild conditions.
The catalyst demonstrated an excellent 99.9% H2 selectivity and a high catalytic activ-
ity (TOF = 1136 h−1) at 30 ◦C toward the selective dehydrogenation of formic acid to H2
and CO2.

It has been reported that the H2 production rate of formic acid decomposition can
be significantly increased by using Pd-Au binary alloy nano-catalysts. Choi et al. [14]
developed an approach to produce Pd-Ag bimetallic core–shell nano catalysts with syner-
gistic regulation of the ligand and strain effects of Ag. The prepared octahedral PdAg@Pd
core–shell nanocrystals showed a noticeable catalytic performance towards hydrogen pro-
duction from formic acid decomposition. The maximum catalytic activity was attained with
PdAg@Pd nanocrystals comprising of PdAg alloy cores with an average Pd/Ag atomic
ratio of 3.5:1 and 1.1 atomic layer of Pd shells, which revealed a high turnover frequency of
21,500 h−1 at 50 ◦C. It was concluded that the catalytic activity was a result of enhanced
combination of the electronic promotion and lattice strain effects of Ag on Pd. A study
conducted by Akbayrak [15] investigated the decomposition of formic acid using tungsten
(VI) oxide supported AgPd nanoparticles. Bimetallic AgPd nanoparticles supported on
WO3 were successfully prepared for this study. The activity of AgPd/WO3 catalysts with
different Ag loading was tested in dehydrogenation of FA in presence of sodium formate at
50.0 ± 0.1 ◦C. Ag0.25Pd/WO3 catalyst with a TOF value of 683 h−1 exhibited high activity
in this reaction.

Zhao et al. [16] investigated the H2-generating behaviour of Pd-decorated gold
nanoparticles (Pd-on-Au NPs) via formic acid decomposition. It was found that the
Pd-on-Au NPs were catalytically active, with a reaction rate constant as high as 137 mL-
H2/gPd/min (corresponding to an initial turnover frequency TOF of 123 h−1) at a Pd
loading of 300 surface coverage, sc%. On the other hand, Au NPs were inactive, and Pd
NPs were somewhat active (5 mL-H2/gPd/min and TOF of 38 h−1). Furthermore, the
formation of CO was hindered at a Pd loading of 300 sc%, indicating that three-dimensional
Pd ensembles benefited the preferred dehydrogenation pathway whereas single-atom and
small two-dimensional Pd ensembles are active for the undesired dehydration pathway.
Recently, the photocatalytic production of H2 from formic acid has attracted great attention.
Duan et al. [17] investigated the efficient photocatalytic hydrogen production from formic
acid on inexpensive and stable phosphide/Zn3In2S6 (ZIS6) composite photocatalysts under
mild conditions. Ni2P and MoP were used as co-catalysts and the results showed photo-
catalytic H2 production rates of the optimised 1.5 wt.% Ni2P/ZIS6 (45.73 µmol·h−1) and
0.25 wt.% MoP/ZIS6 (92.69 µmol·h−1) were 3.5 times and 7.2 times higher than that of
the pure ZIS6 (12.88 µmol·h−1), respectively. In addition, it was observed that the notable
improvement of the H2 production performance is accredited to the introduction of the
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phosphide cocatalysts, which can act as a charge separation centre as well as an active site
for photocatalytic hydrogen production from the decomposition of formic acid.

The practical application of H2 production via formic acid decomposition is highly de-
pendent on the design of highly efficient and cost-effective catalysts. Alamgholiloo et al. [18]
investigated the formation and stabilisation of colloidal ultra-small palladium nanoparti-
cles on diamine-modified Cr-MIL-101. Here, ultra-small nano-sized palladium particles
were effectively stabilised within the pores of diamine groups grafted open metal site
metal-organic frameworks of Cr-MIL-101; coordinated diamine groups of ethylene diamine
(ED) and propyl diamine (PD) on the active site of chromium units of Cr-MIL-101. The Cr-
MIL-101 stabilized ultra-small Pd nanoparticles, Pd@(ethylene diamine)/Cr-MIL-101, and
Pd@(propyl diamine)/Cr-MIL-101, displayed catalytic activity for clean dehydrogenation
of formic acid and generation of hydrogen at room temperature. The results demonstrated
that the Pd@ED/Cr-MIL-101 catalyst displays high catalytic activity with TOF of 583 h−1

at 328 K, as opposed to majority of the reported catalysts, including Pd@PD/Cr-MIL-101
with TOF 532 h−1. The study allows the investigation of novel techniques to the design of
an ultra-small metal nanoparticle for the catalytic dehydrogenation of formic acid.

Luo et al. [19] dispersed ultrafine and electron-rich IrPdAu alloy nanoparticles with
a size of 1.4 nm on amine-modified mesoporous SiO2 (NH2-SBA-15) and applied it as a
highly active and selective catalyst for fast H2 production from formic acid. The synthesized
IrPdAu/NH2-SBA-15 holds exceptional catalytic activity and 100% selectivity towards H2
with an initial TOF of 6316 h−1 with the additive of sodium formate (SF) and 4737 h−1

devoid of SF at 298 K, as opposed to most effective heterogeneous catalysts. The excellent
performance of IrPdAu/NH2-SBA-15 was not only attributed to the amalgamation of the
electronic synergistic effect of trimetallic alloys and the strong metal–support interaction
effect, but also credited to the amine (−NH2) alkaline groups grafted on SBA-15, which are
beneficial to boost the split of the O-H bond of formic acid.

Studies investigating the decomposition of formic acid in batch reactors are unable
to produce a continuous stream of H2 for fuel cell applications. In addition, these types
of reactors do not allow a detailed study of the catalyst lifetime to give an indication of
its long-term performance. Therefore, the study of formic acid decomposition in con-
tinuous flow reactors is imperative to the extensive understanding of this reaction. The
decomposition of formic acid has been explored using homogeneous and heterogeneous
catalysts in continuous stirred tank reactors (CSTR) [20–22]. However, in these studies,
the stoichiometric equivalent of amines was utilised. As a result, there is a requirement
to investigate the additive-free dehydrogenation of formic acid under mild conditions
in a continuous flow system. Furthermore, other types of continuous reactors—such as
packed bed reactors—are yet to be explored in detail for this study due to their widespread
presence in other fuel production systems, and the benefits they offer when compared to
CSTR systems.

Microreactors have been utilised for renewable fuel production due to various ad-
vantages such as enhanced mass transfer, better temperature control leading to improved
heat transfer and larger surface area-to-volume ratios [23–26]. The collective advantages
of microreactors allow the process to be greener and more environmentally sustainable.
Recently microreactors for H2 production have been employed to provide an on-line H2
source for polymer electrolyte membrane fuel cells (PEMFCs). Consequently, microreactors
have exhibited a favourable outlook for H2 production [27]. Packed bed microreactors can
be categorised as having channel dimensions of up to 10 mm [24]. Several studies have
investigated fuel production in packed bed microreactors [28–31].

The studies mentioned have proved that the decomposition of formic acid is often
investigated on an experimental basis. Performing numerical studies using CFD software
are beneficial as it provides an understanding of parameter optimisation for the decom-
position of formic acid reaction for H2 production. The CFD modelling of microreactor
systems for this reaction has not yet been established for this reaction, making the current
work highly novel. H2 production from additive-free formic acid decomposition using
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a 5 wt.% Pd/C catalyst was investigated using a packed bed microreactor in this study.
The characterisation of the catalyst series (fresh and used) was studied in detail using
transmission electron microscopy (TEM). A computational fluid dynamic (CFD) packed
bed microreactor model was developed to gain an understanding of the mass transfer
and heterogeneous reaction occurring within the model. A validation of the experimental
results with the CFD model is shown, and a good model validation was obtained. Further
studies of comparison between the performance of a batch reactor with the continuous
packed bed reactor are conducted herein.

2. Results and Discussion
2.1. Model Results
2.1.1. Model Validation

The results obtained from the CFD packed bed microreactor model were compared
to the experimental data to assess their validity. Figure 1 demonstrates the comparison
between the experimental and modelling results at constant reaction conditions for both
studies. The results show that the conversion of formic acid initially increases with time
reaching a maximum conversion at approximately 75 min. However, the conversion
decreases rapidly after a certain time (75 min) and then continues to do so steadily with
time which is due to possible deactivation of the Pd/C catalyst, which is consistent with
the time found for the modelling study. The factors that can reduce the active of the Pd/C
catalyst are, the increment of mean particle size, oxidation of the catalyst by formation of
PdO and strong chemisorption of intermediates or products such as CO and H2 [32]. This
last factor has previously been assumed as the cause for the inhibition effect [33]. It can be
observed that there is a good agreement between the experimental and modelling results.
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Figure 1. Comparison between experimental data and CFD modelling results. Reaction conditions:
temperature = 30 ◦C; pressure = 1 bar; inlet flow = 0.05 mL/min; 0.1g catalyst of 5 wt.% Pd on Carbon.

The main issue with the Pd/C catalyst is its loss of partial or complete activity. Possible
causes of deactivation may be poisoning, fouling, sintering, erosion, and coking [34]. The
main reason for deactivation of the Pd/C catalyst is poisoning of the catalyst [35]. The
majority of research groups have proposed that the CO is the poisoning molecule [36–39].
CO can adsorb stronger on Pd than CO2 and H2, [40] and it has been shown by using
Attenuated Total Reflection Infrared Spectroscopy (ATR-IR). CO is chemisorbed on the Pd
based catalyst [41]. Furthermore, the formation of palladium hydride has been suggested
as a possible reason for deactivation [42]. Moreover, for continuous flow reactor studies, the
blockage of pores of the catalysts and eventually loss of surface area has been reported [31].
Another main cause of deactivation of the Pd/C catalyst may be sintering [35]. Here, the
metal particles migrate across the support leading to the aggregation of metal particles,
and often results in permanent damage. Frequent poisons include elements from VA, VIA,
VIIA, toxic heavy metals, etc. However, both coking and sintering take place at much
higher temperatures than the mild reaction temperature used in our study.
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This loss of activity, or catalytic deactivation, introduces another level of complexity
to modelling the catalytic reaction. The activity of the catalyst at time t, a(t), can be defined
as the ratio of the rate of reaction on a catalyst that has been used for a time t to the rate of
reaction on a fresh catalyst (t = 0) [35]:

a(t) =
−r′A(t)
−r′A(t = 0)

(1)

Due to the catalyst decay, the catalytic activity decreases with time and the curve of
the activity can be observed in Figure 2. By obtaining the relevant activity parameters, the
deactivation of the catalyst was modelled and demonstrated a sound validation with the
experimental findings.
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The deactivation of the Pd/C catalyst has widely been investigated and poisoning
species have been reported. Hu et al. [43] investigated the decomposition of aqueous formic
acid solution in a batch reactor using a Pd/C catalyst. It was found that the catalyst lost
activity continuously with reaction time and deactivation is attributed to the loss of active
sites by proton, CO2, H2O, and HCOO intermediate. Nonetheless, the deactivation of Pd
is reversible and the formation of HCOO on Pd is a key deactivation step, which should
be taken into consideration when designing a Pd-based catalyst with enhanced stability.
Additionally, Sanchez et al. [9] investigated the stability of the Pd/C catalyst in a batch
reactor under mild conditions. It was concluded that the decrease in activity could be the
result of factors such as, strong adsorption of formic acid on the catalytic surface, poisoning
from CO, agglomeration of the Pd nanoparticles, or decrease of Pd loading by leaching.

Studies have shown that Pd/C catalysts, enriched with the active ingredient of more
than 5%, are unstable and deactivate quickly [44]. Despite this, the reasons for deactivation
have rarely been studied. Troitskii et al. [45] conducted a novel investigation to determine
the reasons for deactivation of the Pd/C catalyst. Highly dispersed palladium catalysts
containing 4% of Pd deposited on a sibunite carbon support were synthesised, and their
physicochemical and catalytic properties were studied for initial samples and for those after
the debenzylation–acylation reaction conducted in soft conditions (atmospheric pressure of
hydrogen, 25 ◦C). The analytical results showed that the surface area of Pd decreases due
to the catalyst deactivation. Further results indicated that the sintering of the particles of
the active component, and the removal of Pd from the support, are not solely responsible
for the catalyst deactivation. It was found that an approximate 10-fold decrease in activity
during the reaction, is because of catalyst carbonisation caused by the formation of a
nanoscale graphite phase on the surface of the active component particles. This observed
low-temperature carbonisation was discovered for the first time. Earlier, it was reported
for high-temperature catalytic reactions only (300 ◦C and above).

Vinayakumar et al. [46] investigated the reactivation of a deactivated Pd/C catalyst
(due to the passing of fresh H2S through fresh Pd/C) by exploring different methods.
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The study showed that reactivation can be achieved by extracting the metal in a suitable
media and subsequent re-impregnation on the carbon support, followed by liquid media
reduction. Additionally, another method explored was the suitable surface treatment of the
deactivated catalyst. The results from the XPS spectra show that the oxidation state of Pd
varies, depending on the reducing agent. Furthermore, it was found that a small amount of
the poisoning species is still present despite the surface treatment. Nonetheless, the amount
of the poisoning species decreased as the strength of the reducing species increased. CO
breakthrough studies were performed for the reactivated catalyst both in the presence and
absence of moisture. It was observed, that as the intensity of the sulphur peaks decreases,
the CO removal activity of reactivated Pd/C increases and moisture remains necessary
for the catalysts to work (100% activity) for both HCHO reduced and NaBH4 reduced
catalysts. Even though the process is lengthy, the activity of the deactivated Pd/C catalyst
can be redeemed by the extraction of Pd followed by its re-impregnation. As a result, using
simple wet chemical routes, the effects of H2S poisoning can be reversed without affecting
the support. Furthermore, the methods are cost-effective and scalable to be adapted in an
industrial set-up.

At lower reaction temperatures of 30 ◦C, a small amount of CO, approximately 6 ppm,
is produced [9]. The comprehensive CFD model can be utilised to predict the catalyst
activity based on the concentration of CO accumulated during the reaction, since, poisoning
of the catalyst by CO could be one of the reasons for the decrease in catalytic activity.
Figure 3 depicts the conversion of formic acid against time. At the point of deactivation, the
decrease in conversion observed after 75 min is modelled based on the CO concentration
produced, and the activity parameter

a(t) = 1− λ× CCO (2)
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From Figure 3, there is a good agreement between the modelling and the experimental
data. This suggests that the loss in activity of the Pd/C catalyst can be attributed to the
accumulation of CO during the decomposition of formic acid for hydrogen production reac-
tion. Furthermore, the comprehensive CFD model can successfully predict the deactivation
of the Pd/C catalyst based on the poisoning species CO.

Further validation between the two sets of data was performed by comparing the
volume of gas produced with time. Figure 4 depicts the volume of gas produced with
respect to time, and it can be observed that as the reaction time increases, the volume of H2
and CO2 also increases. Depending on the temperature, formic acid decomposition may
follow dehydration pathway which produces CO and water instead of dehydrogenation.
At 30 ◦C, the extent to which dehydration pathway is followed is very limited and CO
concentration has been reported to be approximately 4–6 ppm [9]. Initially the produc-
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tion of gas increases linearly; however, as the reaction progresses, the rate of hydrogen
production is slower and at the end of the reaction the production of gas has reached a
plateau. These results agree with the reaction profile of conversion of formic acid where
the conversion has reached a maximum and then follows a progressive decrease due to
deactivation. Furthermore, the CFD modelling results have exhibited a good validation
with the experimental data, implying that the packed bed microreactor model can predict
the hydrogen production from formic acid and the reaction profile during the reaction.
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2.1.2. Effects of Temperature and Liquid Flow Rate

The effects of temperature on the decomposition of formic acid were investigated
which is observed in Figure 5. As the reaction temperature increases, the conversion
of formic acid also increases as expected. Typically, temperatures more than 60 ◦C are
not studied since portable devices which employ formic acid fuel cells require milder
operating conditions. According to the Arrhenius expression, k = Ae−

Ea
RT , an apparent

activation energy of 39 kJ/mol was reported for this reaction with a monometallic Pd
catalyst for a batch reactor configuration [9]. The catalytic deactivation is stronger at higher
temperatures; therefore, higher reaction temperatures promote the pathway of dehydration
and CO formation causing the catalyst to deactivate faster.
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inlet flow = 0.05 mL/min; 0.1 g catalyst of 5 wt.% Pd on Carbon.

Although the packed bed microreactor model operates isothermally at 30 ◦C, non-
isothermal conditions were also investigated to determine any heat transfer effects. The
new conditions were achieved by including an energy balance for the microreactor. The
results in Figure 6 depict an insignificant difference in formic acid conversion between the
isothermal and non-isothermal configurations. This suggests that, for this specific reaction
and reaction conditions, heat transfer effects are eliminated in the packed bed microreactor.
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Figure 6. Effect of isothermal and non-isothermal conditions obtained from modelling on the
conversion of formic acid. Reaction conditions: pressure = 1 bar; inlet flow = 0.05 mL/min; 0.1 g
catalyst of 5 wt.% Pd on carbon.

The effects of the inlet flow rate of formic acid on the conversion was also investigated
at a reaction temperature of 30 ◦C. The liquid flow rate varied from 0.05–0.09 mL/min and
the remaining operating conditions were kept constant. Figure 7 depicts that as the inlet
flow rate of formic acid increases, the conversion decreases. This is because the reacting
fluids spend lesser time within the packed bed microreactor with an increasing liquid
flow rate, subsequently leading to lower reactant conversion. This is consistent with the
dependence of conversion of a reactant upon the space velocity.
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2.1.3. Internal and External Mass Transfer Resistances

During a heterogeneous reaction, the mass transfer of reactants begins from the bulk
fluid to the external surface of the catalyst particle, followed by the diffusion of the reactants
from the external surface into the pores of the pellet. The internal pore diffusion limitations
of the model are investigated by observing the resistances occurring between the reacting
fluids or products which take place between the external pellet surface and the inside of
the pellet. Utilising the model to investigate the internal mass transfer resistances can lead
to an understanding of whether the internal diffusion limits the overall rate of reaction,
or if the surface reaction is rate-limiting. This will enable a greater understanding of
which parameters improve or lessen the mass transfer rates (affecting the apparent rate of
reaction). Therefore, facilitating the optimisation of the formic acid decomposition reaction.

Figure 8 displays the concentration profiles inside the catalyst pellet from r = 0 (centre)
to r = 1. The results were achieved at an axial length of x = 1.25 cm, and varying reactor
heights of y = 0.1, 0.25, and 0.35 cm. It can be observed that there is a negligible difference
in concentration (less than 5%) from the pellet surface to the pellet centre for the catalyst
particle size used in this study. A significant difference in concentration would be the result
of internal pore diffusion limitations. However, from Figure 8, it can be concluded that
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internal mass transfer resistances are negligible. This was confirmed by calculating the
Thiele Modulus (Φ) for a first-order reaction assuming solid spherical particles [33]

Φ = R×

√
k

De
(3)

where R is the catalyst particle radius, k is the reaction rate constant and De is the catalyst
particle diffusivity. For this reaction, the value of the Thiele Modulus was found to be
significantly less than 1, which corresponds to an effectiveness factor value of one. Hence,
it can be recognised that the reaction is surface-reaction-limited.
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Figure 8. Concentration of formic acid within the catalyst particles at x = 1.25 cm, generated from
modelling. Reaction conditions: temperature = 30 ◦C; pressure = 1 bar; inlet flow = 0.05 mL/min;
0.1 g catalyst of 5 wt.% Pd on Carbon.

The external mass transfer resistances were determined by comparing the concentra-
tions of the bulk fluid and the surface of the catalyst particle. The external mass transfer
involves the diffusion of the reactants or products from the bulk fluid to the surrounding
area of the pellet. From Figure 9, it can be observed that there is negligible difference in
concentration from the catalyst particle surface to the bulk fluid. A steep difference in
concentration would be the result of external mass transfer resistances. From this study, it
can be concluded that there are negligible external mass transfer resistances.
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Figure 9. Concentration of formic acid within the catalyst particles and in the bulk fluid at x = 1.25 cm,
generated from modelling. Reaction conditions: temperature = 30 ◦C; pressure = 1 bar; inlet
flow = 0.05 mL/min; 0.1 g catalyst of 5 wt.% Pd on carbon.

2.1.4. Comparison of Packed Bed Microreactor and Batch Stirred Reactor

The performance of the packed bed microreactor for the liquid phase decomposition
of formic acid was compared to the performance of a stirred batch reactor [9]. The reaction
conditions were same for both scenarios, with the only exception being the type of reactor
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used. The comparison was based on reactant conversion at constant space times (STs) in
both reactors. The ST can be generated according to [47]:

For the packed bed microreactor,

ST =
mass o f catalyst (gcat)

f ormic acid mass f low rate
( gFA

s
) (4)

and the batch reactor,

ST =
mass o f catalyst (gcat)

mass o f f ormic acid (gFA)
× reaction time (s) (5)

When obtaining the space times for the packed bed microreactor, the mass of catalyst
was varied by packing the catalyst bed at different lengths. Although this method of
obtaining the space times should typically occur experimentally, the current study did
not have the data available to do so. Since the comparison between the experimental
results and CFD modelling results are in good agreement, it is possible to utilise the model
to obtain space times to compare with the batch reactor [47]. The space times for the
batch reactor were acquired by changing the reaction time. Typically, 10 mL of the 0.5 M
aqueous formic acid solution was placed into the stirred batch reactor, and once the target
temperature of 30 ◦C was reached, 5.3 mg of catalyst was added to initiate the reaction.
The liquid phase decomposition of formic acid took place in a batch reactor with constant
space times at 30 ◦C. Once the desired temperature was obtained, the reaction was initiated
by stirring (750 rpm).

Figure 10 demonstrates the comparison in performance between the packed bed
microreactor and the batch reactor. Although the packed bed reactor depicts slightly
higher conversions, it can be observed that the difference in conversion between the two
reactor configurations are relatively small (less than 10%); therefore, the performance of
the batch reactor and continuous flow packed bed microreactor are similar for the formic
acid decomposition reaction.
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Figure 10. Comparison of a batch reactor and packed bed microreactor. Reaction conditions: Packed
bed microreactor: temperature = 30 ◦C; pressure = 1 bar; inlet flow = 0.05 mL/min; 0.1 g catalyst
of 5 wt.% Pd on Carbon. Batch stirred reactor: temperature = 30 ◦C; pressure = 1 bar; stirring
rate = 750 rpm, formic acid = 12 g, 5.3 mg catalyst 5% Pd on carbon).

It should be noted that most studies investigating the liquid phase decomposition of
formic acid are often carried out in batch reactor systems. Continuous flow reactors have
some advantages when compared to batch reactors, such as their ability to handle much
higher reactant concentrations because of enhanced heat transfer capacity. Furthermore,
continuous systems permit greater separation between reactants and products, enabling the
process to become more flexible [48]. Caiti et al. [32] investigated the continuous generation
of H2, including kinetic studies, via low temperature additive-free dehydrogenation of
formic acid over heterogeneous Pd/C. The results showed that a combination of pore
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fouling and poisoning by formate ions lead to deactivation of the catalyst during contin-
uous operation. Despite these factors causing extensive deactivation in plug flow mode,
optimistic results can be obtained by reducing the steady state concentration of formic acid
by operating in continuous flow mode. As a result, continuous operation of the system,
without a loss in activity for more than 2500 turnovers, is achieved under mild conditions.

2.2. Experimental Results
2.2.1. Catalyst Reusability

The loss of activity as previously explained, may be described by deactivation of
the catalyst. Since deactivation is inherent to the reaction in aqueous media, it cannot
be avoided. For this purpose, a simple procedure for the reactivation of the catalyst was
developed. As the reaction takes place in aqueous media, water may be at least one of the
species adsorbed on the catalyst surface reducing the reusability properties of the catalyst.
Consequently, facilitating the desorption of this species could lead to the liberation of active
sites which would be then available for formic acid to be decomposed in subsequent cycles
of the reaction.

A standard experiment was started under the conditions previously presented and,
once the rate of reaction decreased by 10–20% of the initial value, the pump was switched
off and the furnace temperature was increased to 180 ◦C for 1.5 h for desorbing possi-
ble chemical species from the catalyst surface. After completion, the temperature was
decreased to 30 ◦C and the decomposition reaction begun again. Figure 11 depicts the
reusability experiment performed using the packed bed microreactor. From the graph it
can be observed that following ten reactivation processes, the catalyst offers an analogous
catalytic behaviour when compared to that of the fresh sample. This may be due to species
absorbed on the active site such as, water or formate, CO, H2, reaching a higher degree of
desorption and subsequently allowing reactivation to be achieved. Furthermore, after the
first cycle, there is a slight increase in gas generation most probably due to the reduction
of PdII and Pd0 caused by hydrogen production as we have been previously observed [9].
The resulting decrease in catalytic activity for the subsequent run may be caused by the
following: (a) agglomeration of nanoparticles caused by the high temperature treatment at
180 ◦C, and (b) increase in strength of the adsorbed species.
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Figure 11. Conversion versus time plot for the reusability study performed in continuous flow.
Reaction conditions: temperature = 30 ◦C; pressure = 1 bar; inlet flow = 0.05 mL/min; 0.1 g catalyst
of 5 wt.% Pd on carbon.

Although a heating temperature of 180 ◦C cannot produce noticeable changes in the
structure of the catalyst, the coupling of the cycling liquid-phase formic acid decomposition
and subsequent temperature changes can potentially alter the catalyst structure. This leads
to an increase of the Pd mean particle size and decreases the long-term reusability of the
catalyst. The temperature of 180 ◦C was selected based on preliminary experimental results
which indicated a substantially lower reactivation for lower temperatures, implying that
180 ◦C was the minimum temperature required to desorb the species without significantly
changing the morphology of the catalyst. Under these conditions, desorption of most of the
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adsorbed species occurred. Nonetheless, the results suggest that after 10 regenerations, the
initial activity of the catalyst can be fully restored for a period indicating a very promising
catalytic regeneration for the dehydrogenation of formic acid under mild conditions.

2.2.2. Catalyst Characterisation

Transmission electron microscopy (TEM) analysis was conducted to assess the mean
particle size of the fresh and used Pd/C catalysts after 11 cycles. The images from the
analysis are displayed in Figure 12. The particle size ranges 2–6 nm for the fresh catalyst
and 3–15 nm for the used. The mean particle size of Pd nanoparticles increased from
3.3 ± 0.3 nm to 4.9 ± 0.3 nm for the used catalyst. The increase in particle size is the
result of agglomeration which can be a factor for the decrease in catalytic activity after
subsequent runs.
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XPS provides quantitative information about the catalyst surface composition and
the oxidation state of the metals which are of great importance and influence the cat-
alytic performance. Besides this, the study of chlorine impurities by XPS is necessary as
these impurities promote catalyst sintering or act as catalysts poison by occupying active
sites [49,50]. XPS analysis of the fresh Pd/C catalyst is reported in our previous work [9].
This range of binding energy shows the Pd(3d) region. Pd species display two doublets
due to the Pd 3d5/2 and Pd 3d3/2 transitions corresponding to the peaks at 335.4 and
340.7 eV respectively and are assigned to the presence of metallic Pd. The peaks at 337.0
and 342.3 eV are assigned to PdII being PdO the most probable species. Total metallic Pd on
the surface accounts for approximately 60%. Previous studies of formic acid decomposition
in batch reactor show that total metallic Pd on the surface increases for the used catalyst
suggesting a reduction of PdII to metallic Pd while using the catalyst, due to the hydrogen
evolution from formic acid decomposition [9]. A negligible Cl content on the surface of the
catalyst of 0.1% was observed. Thorough characterisation of the fresh and used catalyst for
the catalytic studies, using a batch reactor, have been published previously [9].
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3. Experimental Methodology
3.1. Materials and Chemicals

The 5 wt.% Palladium on activated carbon catalyst (Pd/C) was purchased from Sigma-
Aldrich (Cat. 20, 568-0). Formic acid (98%) was obtained from Fischer Scientific and
succinic acid (99%) from Sigma-Aldrich (Cat. S3674-100G). Deionised (DI) water was used
as reaction solvent.

3.2. Catalyst Characterisation

X-ray photoelectron spectra (XPS) was recorded on a Kratos Axis Ultra DLD spectrom-
eter using a monochromatic Al Kα X-ray source. X-ray source (75–150 W) and analyser pass
energies of 160 eV (for survey scans) or 40 eV (for detailed scans). Samples for examination
by TEM were prepared by dispersing the catalyst powder in high purity ethanol using
ultra-sonication. 40 µL of the suspension was dropped on to a holey carbon film supported
by a 300-mesh copper TEM grid before the solvent was evaporated. The samples for TEM
were then examined using a JEOL JEM 2100 TEM model operating at 200 kV.

3.3. Experimental Set-Up

The liquid-phase decomposition of formic acid was conducted in a stainless-steel
packed bed microreactor, and the reaction temperature was monitored by the furnace.
The temperature of 30–60 ◦C was maintained at the reactor surface. Once the desirable
temperature was reached, 0.05 mL/min of aqueous formic acid (0.5 M) was pumped into
the reactor. Approximately 0.1 g of the catalyst was packed by glass wool towards the
centre of the reactor. The length of the catalyst bed was approximately 2–3 cm and the
reactor had an internal diameter of 0.4–0.5 cm. The produced gases were collected and
measured using a gas burette by measuring the water displacement. After a certain amount
of time (1–2 min depending on rate of reaction), the volume of gas generated was used to
calculate the reaction rate and conversion, xa, using the equation

xa =
P·Vg

2RT·C0·F0
(6)

where P is the atmospheric pressure, Vg is the rate of gas produced, R is the universal gas
constant, T is the room temperature, and C0 and F0 are the initial concentration and inlet
flow rate of formic acid, respectively. Figure 13 depicts a schematic representation of the
continuous flow set up for the experiments.
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4. Modelling of Packed Bed Microreactor

CFD was utilised to predict the heterogeneous particle-fluid transport phenomena
within the microreactor using finite element methodology. This type of modelling can
provide comprehensive information regarding space-time variations in fluid component
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flows, temperatures, and concentrations in an effortless manner. As opposed to experi-
mental work which can often be time consuming and costly. Hence, CFD is a promising
approach/methodology in calculating the parameters thus, facilitating a thorough study of
the physicochemical processes involved [24,30]. CFD is an integrated methodology in the
package that was employed and can further facilitate the design of experimental studies.

The packed bed microreactor was modelled as 2D under the assumption that mass,
temperature, and velocity profiles occur in the radial and axial directions only. The
packed bed microreactor model is established upon further assumptions (a) application of
unsteady-state and laminar flow; (b) the microreactor operates isothermally; (c) ideal gas
behaviour is applicable for fluids in the gas phase; (d) the axial fluid velocity is constant
with uniform physical properties and transport coefficients. The solid catalyst used is Pd/C
in the form of solid spherical particles, and deionised water is used as a reaction solvent.
Figure 14 shows a schematic of the microreactor used for the CFD studies.
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4.1. Reaction Kinetics

The decomposition of formic acid can occur via two possible pathways depending on
the type of catalyst used, reaction temperature and reactant concentrations [1]

HCOOH → CO2 + H2 (7)

HCOOH → CO + H2O (8)

The former reaction represents the dehydrogenation of formic acid and produces CO2
and H2. The latter reaction demonstrates the dehydration of formic acid and is often an
undesirable pathway due to its production of CO which poisons the solid Pd catalysts.

The rate of reaction for the decomposition of formic acid via dehydrogenation can be
estimated using the power law method of

r = k× Cn (9)

where r is the reaction rate, k is the kinetic rate constant, C is the concentration of formic
acid, and n is the order of reaction [9].

4.2. Numerical Procedure

The mass balance equation incorporates the diffusion and convection for the compo-
nents in the packed bed, and is depicted as

∂ci
∂t

+∇·JiSb + u·∇ci = R (10)

where ci is the concentration of the reacting fluids (mol/m3), R is the reaction rate expression
for the species (mol/(m3·s)), u is the velocity (m/s), and Ji is the molar flux diffusive vector
(mol/(m2·s)). The active specific surface area, Sb, is the area of the catalyst pellet exposed
to the reacting fluids in the packed bed and can be estimated using

Sb =
3

rpe
(1− εb) (11)

where rpe is the size of the catalyst particle (m) and εb is the void fraction of the packed bed.
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The molar flux, Ji, can be rate determined and is relative to the mass balance and
accounts for the particle-fluid boundary conditions. This can be expressed based on the
external mass transfer coefficient

Ji = hi
(
ci − ci,ps

)
(12)

hi =
Sh·Di
2rpe

(13)

Sc =
µ

ρM·Di
(14)

Re =
2rpe·ρ·ux

µ
(15)

Sh = 2 + 0.552Re
1
2 Sc

1
3 (16)

where hi is the external mass transfer coefficient (m/s), ci,ps is the concentration of the fluid
at the surface of the catalyst particle, Di represents the bulk diffusivity (m2/s), µ and ρ are
the viscosity (Pa.s) and density (kg/m3) of the reacting fluids respectively. Schmidt (Sc),
Reynolds (Re), and Sherwood (Sh) numbers are dimensionless parameters related to the
mass transfer occurring at the pellet–fluid interface.

The bulk molecular diffusion coefficient of the reactant in the fluid phase was obtained
using the Reddy-Doraiswamy correlation [51]

Di = 1× 10−16

T
√

Mi

µV
2
3

i

 (17)

where T is the temperature in K, Mi is the molecular mass of the fluid (g/mol), µ is the
viscosity (Pa·s), and Vi is the molar volume at normal boiling point (m3/kmol).

The heterogeneous chemical reaction which takes place within the catalyst particles is
integrated with the mass balances using the Reactive Pellet Bed feature in COMSOL®. The
mass balance across a spherical shell at rdim and a predefined 1D extra dimension on the
normalised radius of the catalyst pellet particle (r = rdim/rpe) is given by

4πN
{

r2rpe
2εpe

∂cpe,i

∂t
+∇·

(
−r2Di,e f f∇cpe,i

)
= r2rpe

2Rpe

}
(18)

where N is the number of pellets per unit volume of the packed bed, Di,eff is the effective
diffusion coefficient of the reacting fluid within the pores of the catalyst particle, and Rpe is
the reaction rate term in mol/(m3·s) per unit volume of pellet.

The effective diffusivities of the fluids into the pores of the catalyst pellet are generated
by relating the diffusion coefficient to either the bulk or the Knudsen diffusivity

Di,e f f =
DiΦpσc

τ
(19)

where Φp, σc, and τ are the pellet porosity, constriction factor, and tortuosity, respectively.
Typical values of these are, σc = 0.8, τ = 3.0, and Φp = 0.4 [33].

The hydrodynamics of the microreactor are modelled using the Navier–Stokes equa-
tion. The continuity equations demonstrating the conservation of mass and momentum
are given by

∂ρ

∂t
+∇·(ρu) = 0 (20)

ρ
∂u
∂t

+ ρ(u·∇)u = ∇·[−PI + τ] + F (21)
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where P is pressure (Pa), τ is the viscous stress tensor (Pa), and F is the volume force
vector (N/m3).

The boundary conditions of the packed bed microreactor are given per

at x = 0; ci = ci,in, uy = 0, ux = uin
δ2P
δx2 = 0 (22)

at x = x1;
δci
δx

= 0, uy = 0,
δux

δx
= 0, P = Pout (23)

at y = 0; ci = 0, ur = 0,
δux

δy
= 0,

δP
δy

= 0 (24)

at r = 1; ci,p = ci,ps (25)

at r = 0;
δci,p

δr
= 0 (26)

The modelling assumptions combined with the appropriate mass balances and gov-
erning boundary conditions were computed using COMSOL Multiphysics® software
version 5.3. The characteristics of the hardware used were an Intel® Core™ i7-1065G7
processor and a 16 GB RAM. A grid sensitivity analysis was conducted to assess any effects
the mesh size may have on the accuracy of the simulated numerical solution. The grid
numbers utilised for the study were 406118, 812236, and 1218354. The effects of mesh
size were determined by comparing the conversion of formic acid at the end of the reac-
tion (Table 1). It can be observed, for the packed bed microreactor, that a grid number
of 406,118 generates the smallest difference between the tested numbers. Therefore, the
finalised packed bed microreactor model consisted of a mesh containing 406,118 domain
elements and 2320 boundary elements, with 94,364 degrees of freedom. The results were
found to be mesh independent and had a computational time of approximately 40 s. Table 2
displays the parameters used for the CFD modelling studies.

Table 1. Grid sensitivity analysis study for the packed bed microreactor used in this study. Reaction
conditions: temperature = 30 ◦C; pressure = 1 bar; inlet flow = 0.05 mL/min; 0.1 g catalyst of
5 wt.% Pd on carbon.

Number of Elements 406118 812236 1218354

XHCOOH 0.0912 0.0911 0.0931

Table 2. Parameters used for the CFD modelling study based on the experimental work.

Symbol Value Units Description

cFA 0.5 mol m−3 Concentration of reacting gases

y1 4× 10−3 m Height of packed bed

x1 2.5× 10−2 m Catalyst loading length of packed bed

mc 1× 10−4 kg Mass of catalyst

υ 0.05 mL min−1 Volumetric inlet flow rate

T 303–333 K Reaction temperature

dpe 4 nm Size of catalyst pellet

ε 0.4 - Catalyst bed porosity

ρb 1300 kg m−3 Catalyst density

R 8.314 J mol−1 K−1 Ideal gas constant

DFA 1.52× 10−9 m2 s−1 Bulk fluid diffusion coefficient

DFA,p 1.62× 10−10 m2 s−1 Effective diffusion coefficient
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5. Conclusions

The decomposition of formic acid to produce hydrogen using a 5 wt.% Pd/C cata-
lyst has been investigated using a continuous flow reactor. The studies were performed
experimentally and a comprehensive CFD model was developed to validate the findings.
The CFD study showed a very good validation with the experimental work. The results
show that the conversion of formic acid reached a maximum of 97%; however, the activity
of the Pd/C catalyst diminishes after approximately 75 min. The CFD model was able to
predict the catalyst activity initially using a generalised activity function. Nevertheless,
studies have shown that the catalyst deactivation can be caused by various factors, such as
poisoning due to CO production. The CFD model could successfully depict the catalytic
activity based on CO concentration, and further demonstrated a sound validation with
the experimental work. A very good match between the catalyst activity function and the
CO concentration was obtained, confirming that CO is the poisoning molecule. The CFD
model can be utilised to aid understanding of parameter optimisation for the formic acid
decomposition reaction. This CFD model is the first of its kind to demonstrate a sound
validation with the experimental data for this reaction, as well as the deactivation by the
poisoning species CO.

The catalyst reusability studies demonstrated that after 10 reactivation processes, the
preliminary activity of the catalyst can be restored to offer a similar performance to that
of a fresh sample of the catalyst. This signifies a promising catalytic regeneration for the
dehydrogenation of formic acid under mild conditions. A limitation of the Pd/C catalyst
is the deactivation observed either in batch or continuous flow system. However, one of
the main advantages is the high activity of the Pd catalysts and high selectivity towards
the production of hydrogen. Moreover, understanding the structural properties of the
monometallic Pd catalyst in relation to the catalytic activity with the aid of computational
work (DFT and CFD modelling) helps us to think towards a new direction of synthesising
supported bimetallic catalysts based on Pd and the addition of metals—such as Au, Ag,
Cu, and Zn—for improving the activity. However, also to minimise the production of CO,
which despite the relatively low (ppm) concentration, about 15 ppm, is not desirable for
the utilisation in fuel cell technology.

Further CFD studies showed that the conversion of formic acid is enhanced with
temperature, and any temperature effects which may be present are diminished within
the microreactor used in this study leading to isothermal operation. Moreover, the formic
acid conversion decreases with increasing liquid flow rate. The heterogeneous CFD model
was able to evaluate the reaction-coupled transport phenomena taking place within the
microreactor. A study of internal and external mass transfer limitations was presented by
generating concentration profiles between the bulk fluid and within the catalyst particle.
From the study, it was determined that there are negligible internal and external mass
transfer limitations present in the microreactor used in this work. The CFD model created
in this study has proven the ability to predict the liquid phase decomposition of aqueous
formic acid under mild conditions in microreactors. Future research could be directed
towards investigating the scalability of microreactors for hydrogen production, as well as
enhancing the catalyst activity by avoiding the production of CO.
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