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ABSTRACT

Catalytic reactions between gases and solids are of
the wutmost industrial importance. Gas-solid catalytic
reactors can be divided into two main classes, those in
which solids remain stationary such as fixed-bed reactors,
and those in which the solids are in motion, such as

fluidized-bed reactors.

Fluidized-bed reactors have been used on an industrial
scale for over 60 years and during that time a large number
of mathematical models have been devised to predict reactor
performance. Many of these models apply to gas-solid
catalytic processes in which the fluidized-bed operates in
the bubbling mode and there have been many reports of
laboratory scale tests of the models, in most cases simple

first-order kinetic schemes being applied.

The object of the work described here was to apply the
models to a more complex form of kinetics in which both
consecutive and parallel processes were occurring.The
reactions chosen were the catalytic oxidation of C4
hydrocarbons, butane and butenes, in which maleic anhydride

was an important product.

Two series of experiments were performed: (i) the
determination of the chemical kinetics of the reactions
using a small fixed-bed micro reactor, (ii) measurements of

conversion and selectivity using a fluidized-bed reactor.



A laboratory pilot-scale fluidized-bed reactor was
built to obtain experimental data for comparison with the
prediction of the models. The main variables studied were
temperature, fluidizing gas flowrate and quantity of
catalyst in the reactor, each being varied over és wide a
range as possible. An industrial catalyst was used for the

investigation.

A number of previously published fluid-bed reactor
models were programmed in Fortran and their predictions of
conversion and selectivity were compared with the
experimental results. In some cases good agreement was
found but in others the predictions differed considerably
from the measurements. The reasons for this are
discussed and suggestions made of ways in which model

applications can be improved.
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1 INTRODUCTION AND LITERATURE SURVEY
1.1 INTRODUCTION
1.1.1 Gas solid catalytic reactors

Catalytic reactions between gases and solids are of
the utmost . industrial importance. Gas-solid catalytic
reactors can be divided into two main classes, those in
which solids remain stationary such as fixed-bed reactors
and those in which the solids are in motion. The 1latter
include moving beds, rotary kilns, spouted beds and
fluidized beds. Fluidized beds have certain advantages
over the alternative designs: (i) high wall-to-bed heat
transfer coefficients enable heat to be extracted from, or
absorbed by, the reactor with considerable efficiency, (ii)
a mechanical advantagé is also gained by the relative ease
with which solids may be conveyed to and from the bed and,
because of the good solids mixing the reactor operates
essentially isothermally. Extremely valuable is the large
external surface area exposed by the solid to the gas,and

this gives a good conversion in fluidized-bed reactors.

For catalytic reactions, the fixed-bed reactor is
normally operated continuously. The problem of frequent
catalyst regeneration is usually over—come by using a
multiplicity of reactors in parallel, or by periodically

alternating the feed and regeneration stages.



1.1.2 OBJECTIVE AND METHOD OF APPROACH
1.1.2.1 Objectives '

A large number of models have been devised describing
fluidized-bed catalytic reactors in the bubbling regime.
Testing of these models has generally been carried out by
experiment using laboratory-scale equipment with simple
first order reactions, limiting the range of conditions
under which the model has been investigated and leaving
open the question of how well the models work as tools for

scale-up.

In this work we compared data for the catalytic
oxidation of n-butane and 1-butene to maleic anhydride over
a commercial metal oxide catalyst and a vanadium phosphorus
oxide (VPO) catalyst with ©predictions from three
representative models, those of Davidson and Harrison
(1963), Kunii and Levenspiel (1969), and Kato and Wen

(1969) .

1.1.2.2 Method of approach

The experiments were performed in two parts: (i) the
determination of chemical kinetics for the reactions using
a small fixed-bed micro reactor, (ii) the measurements of
conversion and selectivity for the catalysts in the

fluidized-bed.

The effect of the number of parameters such as the

total flow rate, concentration of reactants and



products, the temperature of the fluidized-bed, and the
kinetics of the reaction on the applicability of the models

to
were be evaluated.

The rest of this chapter will consist of a literature
survey on fluidization and fluidized-bed and fixed-bed
reactor models, followed by a critical discussion of
n-butane and 1-butene oxidation. Chapter Two describes all
the experimental equipment used as well as the experimental
procedures. The fixed-bed and fluidized-bed results and
discussion are presented in Chapter Three and finally
conclusions and suggestions for further work are given in

Chapter Four.

1.2 LITERATURE SURVEY
1.2.1 FLUIDIZED-BED REACTORS
1.2.1.1 Introduction

The fluidized-bed is only one of the many types of
reactor employed in industry for carrying out gas-solid
reactions. It has a number of advantages over its
competitors (which have been mentioned before) which are

worth noting at the outset.

The use of gas-solid fluidization as an industrial
process was started in the early 1930’s with the Winkler
process for the gasification of coal. The first large scale

application of the fluidized-bed technique was in the USA
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in the 1940’s by a group of o0il companies, which included
Standard 0il New Jersey, M. W. Kellogg, Shell and Universal
0il Products, and was the Fluid Catalytic Cracking (FCC)
process for the manufacturé°2asoline.

Since then the technique and applications of fluidized-beds

have become widespread.

Fluidized-bed reactors are widely used by industry.
Zenz (1978) listed over 100 examples of fluid-bed
applications up to 1978 and commented that ‘fluidization
as a unit operation has touched almost every process

industry’.

Table 1.1 1lists many of the process which have been

developed commercially.



Table 1.2 Commercial processes using fluidized chemical
reactors (Geldart, 1967)

Hydrocarbon processes

Catalytic Non-catalytic
Petroleum cracking Fluid coking
Hydroforming Ethylene from crude oil

Acrylonitrile production

Chlorinated hydrocarbon production

Phthalic anhydride production

Melamine production

Hydrogen cyanide production

Inorganic chemicals

Pyrites roasting for Miscellaneous sulphide
sulphuric acid roasters

Reduction roasting of Calcination of limestone
iron oxide and other quarry products

Uranium processing




e -
1.2.1.2 General description of fluidization

Fluidization is the operation by which fine solid
particles are transformed into a fluid-like state through
contact with a gas or liquid. If a fluid is passéd upward
through a bed of fine particles at a low flow rate, the
fluid merely percolates through the void space between the
stationary particles. With an increase in flow rate,
particles move apart and a few are seen to vibrate and move
about in restricted regions. At a still higher velocity, a
point is reached when the particles are all just suspended
in the wupward flowing gas or 1liquid. The bed is then
considered to be just fluidized and is referred to as an
incipiently fluidized bed or bed at the point of minimum
fluidization. Fig. 1.1 shows the definition of minimum

fluidization velocity (Um ). In many practical cases the

£
point of minimum fluidization is not clearly observed as in
Fig. 1.1(a) and it is then defined by extrapolation as
indicated in Fig. . 1.1(b). The fluid bed behavior depends
on the nature of the fluidizing medium. If it is a liquid,
increasing fluid velocity above minimum fluidization
produces uniform bed expansion which is Xknown as
"particulate fluidization". If the fluidization medium is a
gas , further increase in the gas velocity above the
minimum fluidization value results in the formation of
bubbles which rise through the bed, and burst at the

surface of the bed. This is known as "aggregative

fluidization" .
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1.2.1.3 Two-phase theory of fluidization

This theory was proposed originally by Toomey and
Johnstone (1952) and states that "all gas in excess of
that necessary to just fluidize the bed passes through in
the form of bubbles". Thus, if QT is the total volumetric

flow rate into the bed, QM the minimum fluidization flow

rate and Qb the bubble flow rate,

Q =Q +0Q (1.1)
or alternatively:

U=U+Q/A (1..2)

By this assumption the bed is divided into two phases, a
lean or bubble phase and a dense or particulate or emulsion
phase which is similar to the bed at incipient

fluidization.

In recent years ;however, a large number of
experimental studies have been reported in which the flow
of bubble gas in freely bubbling beds has been measured and
the general conclusion drawn has been that in the majority
of systems the two phase theory overestimates the visible
bubble flow, in some cases by a considerable amount. In
other words, in these systems a larger quantity of gas
flows through the emulsion phase than is predicted by the
theory and this has given rise to a modified two-phase

theory. Deviations from the simple theory may be expressed



in the form:
Q/A, =1U - KU (1.3)
where, generally K>1 and can be expanded to:

K=1+ né (1.4)

where & is the fractional volume of the bed occupied by the

bubbles.

1.2.1.4 BUBBLES IN FLUIDIZED-BEDS
Bubbles which are formed in excess of the minimum
bubbling velocity (U.), are one of the most intriguing

features of gas fluidized beds.

They have been the subject of many theoretical and
experimental studies but largely because of the interaction
between bubbles, their behavior in the bed, their
instantaneous position, size and shape are difficult to

predict with certainty.

Owing to the solids mixing which they induce bubbles
are the cause of the observed uniform bed temperature and
high heat transfer coefficients between the bed and the
wall of the container or immersed objects. They grow by a
process of coalescence as they rise toward the surface and

their rise velocity is clearly proportional to their size.
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A wake of particles is carried at the bottom of the
bubble which grows as fresh particles are entrained, thus
the wake volume for a particular bubble varies with time,
and as they erupt from the bed and the gas they contain
escapes into the free board, the wake solids are dumped on
to the bed surface. This motion is a major cause of solids

mixing in the fluidized bed.

Flow of solids

Flow of gas

Wake
boundary

Figure 1.2 Bubble with particle stream lines flowing around it.
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1.2.1.4.1 Bubble diameter

The bubbles are considered to grow continuously while
passing through the bed until they reach the maximum stable
size or reach the diameter of the bed column. Harrison et
al. (1961) showed that the maximum stable bubble diameter
is attained when the upward velocity of the flowing
particles becomes equal their terminal velocity, U_. The

maximum stable bubble diameter, DT can be found from:

(U /0.71) 2

D, = —5— (1.5)

The studies on bubble growth are numerous, noteworthy
among the early studies are the work of Yasui and Johnson
(1958), Toei et al. (1965), Hiraki, et al. (1965),
Kobayashi, et al. (1965), and Baumgarten and Pigford
(1960). The bubble diameter and the distance from the
distributor can be approximately related by the correlation
equation of Kobayashi et al. (1965) as:

d, = 1.4p d (U/U )h (1.6)

The above correlation is based on the data obtained using
a porous plate as the distributor. For perforated plates
the sizes of the bubbles at the surface of the distributor
are substantial and therefore must be taken into
consideration. According to Cooke et al. (1968) the bubble
size at the surface of a perforated plate, Do’ having a

number of holes, n,, can be calculated from:



,-.1,2 _

p = _(6e/m>* (1.7)

] 0.2

g

based on the work of Davidson and Harrison (1963) where

G = (U-1U)/n (1.8)

Therefore, 1in general the diameter of bubbles in a

fluidized bed can be approximated by:

U

8]
mf

d = 1.4ppdp[

) ]h + D, (1.9)

The above correlation is based on the work of Kato and Wen

(1969) .

There are a number of other published correlations for
estimating bubble size in fluidized beds:Rowe (1976) based

on X-ray work and examination of the literature:

1/2 174

374 -
d = (U - U ) + H) g (1.10)
Darton et al. (1979):
d, = 0.54(U - U )*°(h + 4a %) ¥5g7"" (1.11)

where Ao is the "catchment area" and is +the area of

distributor per orifice.
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1.2.1.4.2 Bubble rise velocity
By analogy with single bubbles of gas rising in beds

of 1liquid of 1low viscosity Davis and Taylor (1950)

established the following relation for their rise velocity,

_ 0.5
U, = 0.35(gD ) (1.12)

when the bubble diameter equals the column diameter (Dr),

and

U

0.5
= 0.711(gd) (1.13)

where db is the diameter of the sphere with the same volume

as the bubble.

Davidson et al. (1959) and Harrison and Leung (1968)
suggested that this equation may also be applied to single
bubbles of gas rising in fluidized beds. They measured the
rise velocity for single bubbles in a fluidized bed and

proposed the relation:

_ 0.5
U_ = 0.64 (gd) _ (1.14)

Following Davidson and Harrison (1963), the velocity
of rise of a crowd of bubbles through a fluidized bed can

be calculated by:

172

U =U=-U +0.711(gd,) (1.15)

b

Some authors (eg. Yasui and Johnson, 1958) have

reported the bubble rise velocity to be independent of
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particle properties but later measurement using X-ray
photography (Rowe and Partridge, 1965) showed that, bubble

velocity increased by a small but significant amount with

decreasing particle size.

A large number of experimental investigations of
bubble rise velocities have been reported (Harrison et
al., 1967; Kobayashi et al. 1972) but there seems to be

little general agreement among them.

1.2.1.5 THE DENSE PHASE
1.2.1.5.1 Voidage

According to the two-phase theory, the dense phase
voidage is equal to the voidage at minimum fluidization and

is given by:

p
e=e =—1— =1 bulk (1.16)
ppHmfA pp

where M is the mass of the particles.

Once the bed expansion ratio is known, the voidage
from the distributor up to a height corresponding to H
and that from QM to the top of the bed can be computed as

(Kato and Wen 1969):

1-g = (1.17)

up to HmJ and
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H H (1-e__) (H-H )
1-g = m £ _ _mf m £ mf (1.18)

H(1l-¢_) 2H(H-H_ )

f

from Hm‘to the top of the bed.

However the height of bed H, and consequently the
voidage €, can only be considered to be a time average
value because the upper surface of the bed is usually

uneven and more or less oscillating

1.2.1.5.2 Solids mixing

One of the most important properties of gas-solid
fluidized beds of particles of uniform density is éﬁe
degree of solids mixing that they can achieve. Bubbles are
directly responsible for this particle mixing. Solids
mixing through a fluid bed has been extensively studied by
a number of workers (Rowe et al., 1962, 1965; Toei et al.,

1965; and Rowe, 1971).

Early theories of the mechanism of solids mixing in
fluidized beds assumed it to be the result of particle
diffusion, but it has been shown (Rowe and Partridge, 1965)
that the particle mixing is due to two processes. Firstly a
displacement by a spherical so0lid body moving through a
fluid bed, and secondly by the transportation of solid
particles to the bed surface in the bubble wakes, the space
vacated by the wake particles being filled by particles

from positions higher up in the bed.
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From X-ray observations of single bubbles rising
through a bed, the wake fraction of the bubbles has been
reported to range between 0.25 and 0.61 (Rowe and
Partridge, 1964). Therefore each bubble displaces upwards

approximately 0.6 of volume of the bubble.

From continuity and applying the two-phase theory,
Rowe (1965) estimated the degree of mixing from the

particle circulation time (tp).

Hf
t = = (1.19)

0.6(U - U_) [1 - U = Un ]

U
b

1.2.1.6 FLUIDIZED-BED REACTOR MODELS
1.2,1.6.1 Introduction

Fluidized beds are notoriously difficult to model
because of their complex hydrodynamic behavior and because
of complications which arise whenever solid particles of
various sizes and shapes are contacted with a fluid phase.
The chemical reactions (solid catalysed, heterogeneous and
homogeneous) which are <carried out in fluidized-bed
reactors cover a broad range of conditions, controlling
kinetic mechanisms and reaction schemes. In view of these
complexities and the wide range of reactions and operating
conditions encountered, it is not surprising to find a

broad spectrum of reactor models. Some of these models,
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especially those for heterogeneous gas-solid reactions are
specific to a certain chemical process application. Others
are designed as gdeneral purpose models, intended to
represent a broad range of cases, although they are usually
written in terms of simple first order irreversible

reaction kinetics.

1.2.1.6.2 Models studied in this work

The three models presented in this work are derived
from those introduced by Davidson and Harrison (1963),
Kunii and Levenspiel (1969), and Kato and Wen (1969). The

details of each are given below.

1.2.1.6.3 The Davidson-Harrison model

The Davidson-Harrison model is one of the
fluidized-bed reactor models which are based on bubble
dynamics. The model has been developed on the basis of the
following assumptions:
(1) emulsion phase gas flows with a superficial velocity
of Um_and is either completely mixed or in plug flow,
(ii) Dbubbles are of uniform size throughout the bed (and
hence all have equal velocities),
(iii)reaction takes place only in the emulsion,
(iv) interphase gas transfer occurs by a combined process

of molecular diffusion and through flow (convection):

Q=K+dq (1.20)
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The velocity of the fluid which flows as bubbles through

the emulsion phase 1is represented by U-Umf, and from

continuity:

NV U

It
c
!

(1.21)

where, N=number of bubbles per unit volume,
Vg=bubble volume,

U =bubble rising velocity.

Since the bubbles cause the bed expansion from height H

to height H, so:
NVH=H - H (1.22)

The absolute bubble velocity is assumed to be:

_ _ 0.5
U =U-=-TU + 0.711(gd) (1.15)

where db = bubble diameter,

g = acceleration due to gravity.

The molecular diffusion can be calculated from the gas

diffusivity and the bubble size as:

_ 0.5 0.25
K, = 0.975D_ (g/db) (1.23)

where D= gas diffusivity.

The convection is also found from the bubble size and the

minimum fluidization velocity:
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3n
(1.24)

The interphase gas transfer for a rising bubble becomes:

Q=gq+KS (1.25)

where Sg=surface area of the rising bubble

1.2.1.6.3.1 The model equations
a) Perfectly mixed
(i) Bubble phase

A material balance on a single rising bubble gives the

equation:

Flow into the bubble = Flow out of the bubble + Transfer

NV.UC = NVU(C +dC ) + No(c - c_)dh (1.26)
and,
ac,
V.U + c-2C =0
b b dh Q( b e) (1.27)
or:
dc,
A"/ + cC-2¢C =0
S Q(c,- C,) (1.28)
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Equation 1.27 can be integrated with respect to h,

with the boundary condition of ¢=C,at h =0, and giving

= - __h
C, =C_ + (C +C) Exp( AN ) (1.29)

(ii) Emulsion phase
From the material balance on the emulsion phase:
Flow into the emulsion + Transfer =
Flow out of the emulsion + Disappearance by reaction
H H
Umeo+NQJ (Cb-Ce) dh=Umee+ ( 1-NVb) J redh (1.30)

0 0o

where r_ is the rate of reaction in the emulsion phase.
Equation 1.30 may be integrated for first order

reaction by substition C, from Eq. 1.29 giving:

QH

uv
b b

NV U (C -C ) [l-Exp(- ) ] + U_(C,-C_)=KHC_(1-NV,)
(1.31)
The overal concentration which results from mixing the
streams leaving the bubble and emulsion phases at the top

of the bed can be calculated as:
UCH = (U - Umf)cb + UMCe (1.32)
Cb and Ce are obtained from the Egs. 1.29 and 1.31 and are

substituted in Eq. 1.32. This equation can be rearranged

using the Egs 1.21 and 1.22 to eliminate NV U and NV,
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giving the following expresion for the

concentration which leaves the reactor:

where
B___l_ mf )
U
, K H .
K= - >
U
QH
X =
uv
b b J

b) Piston flow

reactant

(1.33)

(1.34)

With the assumption of piston flow the equation for

bed
bubble phase in perfectly mixed still applies within each

bubble, but the equation for the emulsion phase (1.31) is

replaced by a material balance on the emulsion phase.

Flow into the emulsion + Transfer =

Flow out of the emulsion + Disappearance by reaction

U _C+ No(C - C)dh = U _(C+ dC) + (1-NV) r_dh

(1.35)
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dc

e

. - NQ(C, - C, ) + (1-NV)r_=0 (1.36)

dh

Over the whole bed within dh and for a first order

reaction, the latter procedure gives a simple result:

dc, dc
+ (U-U )
dh ™" 4h

b

" + KC_(1-NV.) = 0 (1.37)

Theabove equation is the result of a material balance on
the whole bed. The first two terms are the inéremental
terms for the bubble and emulsion phases, and the last term
represents the diséﬁé%ance of reactant with the reaction in
the emulsion phase. Equation 1.37 can be written in

dinmensionless form as:

dc ac, K
S+ B + —C =0 (1.38)

(1 - 8) )
dh dh H

Equation 1.27 can be also written in dimensionless form as:

ac, X
+—(c,-C) =0 (1.39)
dh H ©

where B, K', and X have been already defined in Eq. 1.34.
C_ can be eliminated from between Egs 1.38 and 1.39, giving

a linear second-order differential equation as:
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da%c dc

P 4 H(X4K)
dh dh

H b

(1-8) + K'xcb =0 (1.40)

The differential equation 1.40 can be solved with the

dc
boundary conditions of c =C =0 and dhb =0 at h =0
gives:
m -m
cC =c¢C ! 2 LA (1.41)
b (0] -m_h -m_h
me 2 - me 2

where m and m, are the roots of the quadratic obtained

from Eq. 1.40, so that:
.4 , , 0.5
2H(1- B)m = (X + K) - [(x + K) - 4K X(1~- B)] (1.42)

where m=m with the positive sign and m=m,_ with the

negative sign.

Substitution of c, from Eq. 1.41 as a function of the
bed height (h) into the Egqg. 1.39 to give C_as a function
of bed (h). The concentration of the reactant at the top
the bed can be calculated from these expressions of Cb and
C, by substitution h = H for each phases. The overal
concentration can be calculated from the Eqg.1.32 to give

the following expression:

C m_HU
c = 0 ml e-mZH [ 1- 2 mf
m1 -m > XU

XU

m HU
_ mze-m1H [1_ 1 mf ] .

(1.43)
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and the conversion can be calculated as:

X = (1.44)

1.2.1.6.4 The Kunii-Levenspiel model
In developing this model which is also called "the
bubbling bed model" a number of simplifying assumption are

made:

a) The gas flows as spherical bubbles surrounded by a
spherical cloud. Bubbles are of a uniform size and shape

f
and the velocity of rise & single bubble of diameter d, is:
U = 0.711(gd )*® (1.13)
br 9d,) *

The velocity of rise of a crowd of bubbles is related to

the velocity of a single bubble by:

U =U-U + U (1.45)

-

a 3 R ) U, + 20,
= = | = (1.46)
d R U -U
b b b f
where
Umf
v, = (1.47)

£
mf
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b) Bubbles are considered to be empty of solids and so
the bubble voidage, € s is considered to be unity. If & is
the volume fraction of bubbles in the bed, the average bed

voidage £, is related to the voidage in bubbles and

emulsion by:

g . =8c + (1L -38)e =8 + (1 - 8)¢, (1.48)

The voidage and bed height are related by:

H c 1 - ef
1 -6 =—"2_= (1.49)
H 1 -¢
m
c) Every rising bubble has an associated wake of

material rising behind it. The ratio of wake to bubble
volume, V"/Vb, is found by experiment. This solid is
carried up the bed at velocity U, and 1is continually
exchange with fresh emulsion solid. At the top of the bed
solids rejoin the emulsion to move down the bed at velocity

U, so:
s

e f s s (1.50)

Relationship among variables db, U, 3, v, and Us,js givenby

U and U .
mf
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where a is defined as:

volume of emulsion transported
upward behind a bubble

oa = = (1.52)

( volume of a bubble ) \'

and the downward velocity of solids in the emulsion is:

(1.53)

the total flow of gas and the flow in the emulsion phase

and bubble phase with its wake is:

void volume void volume of
of emulsion bubbles and wake

bed volume bed volume

or.
U= (1-28-a8) € U + (5 +ade ) U (1.54)

Combining the three equations for v, u, and U to
eliminate U and U gives an expression relating bubble
velocity with U and U thus:

1

U =— (U= (1-8=-as) U)

b 5 (1.55)

or:



(1.56)

The upward velocity of gas in the emulsion 1is found

directly by combination of Egs. 50, 53, 55, and 56 as:

e aU
V. = ¢ [1-a-aa -aUmf] (1.57)
mf
d) There are three phases (the bubble, cloud plus

wake and the dense or emulsion phase) and the gas
interchange between them is calculated on the basis of the

Davidson-Harrison model (1963).

Based on unit volume of bubble the interchange coefficient
between bubble and cloud, kmﬂ cloud and emulsion, k;e, and
the overall coefficient between bubble and emulsion, kmﬂ

can be defined as:

1 dNb dCb
-— — =-U — =k (C -C )

Vb at b gt bc' b c (1.58)

= kce(Cc - Ce ) (1.59)
= kbe(Cb - Ce ) (1.60)

so:
1 _ 1 1
X = X + X (1.61)
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volume of gas moving from bubble
to emulsion or emulsion to bubble

k =
be

(volume of bubbles in the bed) (time)

e) Evaluation of the interchange coefficients:

up > Umfl€my

o
A

Che kee T
j'.\.-._.':.

SN TG

Figure 1-4 The gas interchange between the bubble and
emulsion phases (Kunii and Levespiel, 1969).

The interchange between bubble and cloud involves both
bulk flow across the boundary and mass transfer between gas
in the bubble and gas in the cloud, so referring to

Fig. 1-4 for a single bubble:
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dN

b = -
) dt = (a+ kbcsbc) (cb Cc ) (1.62)

where q is the volumetric gas flow into or out of a single
bubble and km: is the mass transfer coefficient between
bubble and cloud. From the Davidson model (1963), the value

of g is given by:

q-= (1.24)

Davidson and Harrison (1963) derived the following
expression for the mass transfer coefficient between bubble

and cloud:

os( 910
k = 0.975D [ ]
bc G

db (1.23)
by substituting these two expressions in Eq.(1.62) and
matching with Egqg. (1.58) interchange coefficient between

bubble and cloud-wake region may be found:

574
b

3 (1.63)

b

d

U DI/Zgl/4
K = 4.5[ "‘f) + 5.85[ & ]

Next the model estimates a transfer coefficient between
cloud and emulsion. Because there is no flow of gas between
these regions, diffusion will be the only mechanism of

transfer operating, so:
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=s k (c, -c, )

dt ce ce [~ (1°64)

where k __ is the mass transfer coefficient between cloud
and emulsion.

Analogous to the contact of a bubble with a 1liquid, the
characteristics of this system are equivalent <to the
contact of a vertical cylinder with the same diameter and

height as the spherical cloud (Higbie, 1935), thus:

4Deemf 172 4Deemf(Ubr- Ufr) 172
}%e - ( mt ) = ( nd ) (1.65)

c

and in terms of bubble diameter:

172 176
Deemf(Ubr- Ufr) ] [ 1 - Uf/ Ub ]

a 1+U0/0

k =1.13
ce

(1.66)

where r refers to velocities with respect to the emulsion
and D_ is the effective diffusivity of gas in the emulsion
phase. Inserting Eq. (1.66) in Eq. (1.64) and matching with
Eq. (1.62) gives the coefficient of gas inﬁerchange between

cloud-wake region and emulsion phase:

172 1/6

[ 1420,/ U, ]

1-u/ U,

2
K _kceSbc (dc/db)

ce
v
b

De (U -U )
e mf br fr
3

=6.78[

d
b

(1.67)
or:
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172
emeeUb ] . (1.68)

3
db

ce

K =6.78 [

In the absence of experimental data, it is assumed the

numerical value of De is comparable to DG as follows:

De = emeG & DG (1.69)
Based on the model developed, the mass balance for the

flow pattern in a fluidized-bed for flow of gas gives:

overall - reaction transfer to .
disappearance in the bubble the cloud andwake

{transfer to the} _ {reaction in the} + {transfer to }

cloud and wake cloud and wake the emulsion

{ transfer to } _ { reaction in }

the emulsion the emulsion

Restating the above in symbol for an irreversible first-
order reaction , and for a single bubble as it ascends

through the fluidized bed.

ac, dc,
- =-U = KC, = 7,KC, + K _(C- C) (1.70)
dat dh © €
K (C- C) = vKC_+ K_(C-C) (1.71)
K_(Cc_-C) = yKC (1.72)

where Kf is the effective overall reaction rate coefficient



as o
which accounts for reaction transport in the bed, and the

7’s are the fraction of solids in each phase defined by:

volume of the solids within the bubble phase

T, = volume of bubbles

_ _volume of solids within the cloud & wake phase
7. volume of bubbles

_ _volume of solids within the emulsion phase
7, volume of bubbles

By a material balance these quantities can be related by:

S (v, +7_+7) = (1-¢_)(1- &) (1.73)

Since it is assumed that the bubbles are free of solids,
the values for ¥, can be:

7, F 0.001 - 0.01
Values of ¥_ can be estimated by considering a spherical

bubble and accounting for solids in both cloud and wake.

This gives:

\ \
¥, = (1 -¢e )| 5 + = ] (1.74)
b b
[ 3Umf]
emf
- (1-¢) (1.75)

" 0.711(gd)%"° - [Umf/emf}

The overall reaction rate (Kf) can be calculated by

combining the Egs. 1.70, 1.71, and 1.72 and eliminating
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concentrations as:

Yt X 1
e +
K = K . 1 (1.76)
£ O e —
. K, 1
k 7
ce e

and the conversion, x, is given by:

Xx =1 - Exp (- Kftb) (1.77)

where T, is the bubble contact time,

T = (1.78)

1.2.1.6.5 The Kato-Wen model

This model which is also called the ’Bubble Assemblage
Model’ is based on multiple bubbles of varying sizes with
interchange of gas taking place between the bubble phase

and emulsion phase.

The model is based on the following assumptions:
(a) A fluidized bed may be represented by a numbers of
compartments in series, n,. The height of each compartment
is equal to the average size of a bubble at the

corresponding bed height.

(b) Two phases, the bubble phase and the emulsion phase,



exist in each compartment and the gas flowing through the
phases is considered to be completely mixed.
(c) The void fraction within the emulsion phase is

considered to be equal to that of the bed at the incipient

fluidization condition.

(d) Every bubble has an associated spherical cloud. The
diameter of bubbles and that of cloud are given by Davidson

(1961) as:

Rc 3 US+ ZChf/%mf
(=)= )

- (1.46)
b Ub Umf/cmf

(e) Gas interchange takes place between the two phases.
The overall interchange coefficient per unit volume of gas

bubbles is given by:
F, = F+ KM (1.79)

where,

F ., is the overall gas interchange coefficient per unit
volume of gas bubbles (1/s).

F, the gas interchange coefficient per unit volume of gas
bubbles (1/s).

K’, absorption equilibrium constant.

M’, solid interchange coefficient between the bubble phase

and emulsion.

Since no experimental data are available for the
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particle interchange rate, M’, and the absorption
equilibrium constant, KZ for the reacting gas on the
particle surface, the analysis presented in this model will
neglect gas interchange due to adsorbed .gas on
interchanging particle. So the overall gas interchange
coefficient equationis#educed to Fd=Fo. Therefore, the

following equation based on the experimental work of

Kobayashi et al. (1967) will be used:

F = (1.80)

The bubble diameter and the distance from distributor can
be approximately related by the correlation equation of
Kobayashi et al. (1965) as:

U
= 1.
db 1 4ppdp( Umf)h + Do

(1.6)
It is assumed that the bubbles grow continually while
passing through the bed till they reach the maximum stable
size, DT, (or reach the diameter of the bed column) given

by:

0.711 g (1.5)

where U is the terminal velocity of the particles.

The bed expansion ratio can be expressed as:
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H-H U-u
mf mf

H 0.711(9;c1b)°'s (1.81)

where db is an average bubble diameter of the bed given by:
H

mf

[ 2

If the height of n-th compartment is Ah where

U

db = 1.4ppdp[

- ) (1.82)
mf

F) The model calculation:

n=1,2,3,... the height of initial compartment immediately

above the distributor becomes:

D,+(mAh +D ) D '
Ah = or Ah = —— (1.83)
2 (1-m/2)
where m = 1.4ppdp(U/Umf)

and the height of second compartment:

(2+m)

Ah. = 2D —M8M—
2 (] (Z-m)a (1.84)

and that of n-th compartment becomes:

(2+m)™"?
Ah = 2D

n 0 (1.85)

(2-m)"

The number of bubbles in the n-th compartment is:



ag -
GS(h-hmf)

N = ahan)? (1.86)

The volumes of cloud, bubble phase, and emulsion phase in

the n-th compartment can be simultaneously computed as:

3
m(Ah ) 3U /e
v = - l ALI.L (1.87)
6 Ub_Um{‘/emf‘
3
v = Nm (Ahn) Ub+2Umf‘/8mf (l . 88)
en 6 U-U /e
b m {* mf
Ven = SAn- Vbn (1-8'9)
where, Ub = 0.711(gAhn)°'5

The gas interchange coefficient based on unit volume of
bubbles from the equation, FB=11/db, can be shown as:
(Ub-Umf/cmf)

F;n =F_ (1.90)
(U +2U /e )

The material balance for the gaseous reactant around the

n-th compartment becomes:

[Inlet] Outlet] +interchange+disappearance

£ -1 [ f .
cgronga;‘ltment cgl?lgagtme nt by reaction

for the bubble phase:
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(SUC,) _ = (SUC,) + (F,

On Vbn(cb-ce))n + (rbvcn)n (1.91)

1

and for the emulsion phase:

e

[F(’)n Vbn(cb-ce]n = [r Ven]n (1.92)

By solving the above equations simultaneously, the
concentration of the gaseous reactants in the n-th

compartment becomes:

en = F’ - an- Bn- (rbn) - ancbn-l (1.93)

for the bubble phase, and for the emulsion phase:

en ’

en (1.94)

where,

bn On

v
g = —°0 y (1.95)

The overall concentration of the reactant which leaves the
reactor, from the 1last compartment, is an average

concentration found from the bubble and emulsion phases as:

H - Hmf Hmf‘
Cn = T Cbn + H Cen (1’96)
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1.2.2 THE FIXED-BED REACTOR

The tubular flow reactor is used when it is desired to
operate the reactor continuously but without back mixing of
reactant and products. In the case of an ideal tubular
reactor, the reactant mixture passes through in plug flow,
and it is assumed that not only the local mass flow rate
but also the fluid properties, temperature, pressure, and
composition are uniform across any section normal to the
fluid motion. There are in general three types of fixed-bed

reactor: differential, mixed, and integral.

A differential flow reactor is one in which the
reaction rateis to be constant at all points within the
reactor. Since rates are concentration-dependent this
assumption is usually reasonable only for small conversions
or for shallow reactors. It is not necessarily so in the
case of slow reactions where the reactor can be large, or
for zero-order kinetics where the composition change can be

large.

In a mixed reactor, the composition is constant, and
this is usually achieved in a basket-type mixed reactor. As
for the differential reactor, the rates are obtained
directly from the data, thus making the analysis very

quick.

When the variation in reaction rate within the reactor
is so large that we choose to account for these variation
in the method of analysis, then we have an integral

reactor. Since the rates are concentration-dependent, such
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a large variation in rate may be expected to occur when the

composition of reactant fluid changes significantly in

passing through the reactor.

1.2.2.1 Choice of reactor
The following requirements must be taken into account
when choosing a reactor:
(i) The reactor must be isothermal.
(ii) The reactor should operate at an appreciable velocity

to ensure good heat and mass transfer from gas to particle.

As it requires accurate analysis, the differential
reactor was not considered in this work. For technical
reasons an integral reactor was employed to obtain the
kinetic data. The design of the reactor had to take account

of the following :

(a) Reactor length-to-diameter ratio should be large to
avoid appreciable axial diffusion effects.

(b) Reactor-to-catalyst diameter ratio should be large to
avoid short-circuiting effects.

(c) Catalyst dilution should be avoided as diluted effects
may becomes important.

(d) The operating conditions relative to mass of catalyst
to flow rate of reactant should be similar to those in the

fluidized-bed reactor.

1.2.2.2 Fixed-bed reactor model
In a plug flow reactor the composition of the fluid

varies from point to point along a flow path consequently,
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the material balance for a reaction component must be made
for a differential element of volume. Thus for reactant A,

the material balance becomes:

c — c

A0 F, é F +dF, Af

Fro X >é X +dx > By
A / A A

X =0 —Z X

AO Af

c
c

Figure 1-5 Fixed-bed reactor

Input=Output+Disappearance by reaction+Accumulation
It can be seen for volume 4V that:

input of A, moles/time = F,

output of A, moles/time= F +dF,

disappearance of A by reaction, mole/time:

moles A reacting
= (volume of differential element)
(time) (volume of fluid)

Introducing these three terms in material balance equation
we obtain

F, = (F+dF,)+(-r,)dv (1.97)
Nothing that

dF, = d(F, (1-X,)) = -F, X, (1.98)

F,dX, = (-r,)av (1.99)
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This, then, 1is the equation accounting for A in the
differential section of reactor of volume dV. For the
reactor as a whole the expression must be integrated. Now

F the feed, is constant, but r, is certainly dependent

Ao’

on the concentration of materials or conversion. Grouping

the terms accordingly, we obtain:

dav A dX
[ = J A (1.100)

The space-time or contact time, t, is defined as: time
required to process on reactor volume of feed measured at

specific condition. Thus:

v T A d}(A
- = (1.101)

Fro Cro 0 -r,

or:

v Xat dXA

T=— =C¢C (1.102)
) A0
0 -r

As a more general expression for plug flow reactors,
if the feed on which conversion is based, subscript o ,

enter the reactor partially converted, subscript i , and

ed
leaves at a conversion design@i by subscript £ ,we have:



v v ax,
= = —r (1.103)
FAO CAOUO -rA
0
or.:
fo
v dXA
T=— =¢,, — (1.104)
o} -r
A
X

and dx = -

AO AO

(1.105)

In which case the performance equation can be expressed in

terms of concentration.

X [of
A\ T A ax 1 M oac
- - J A= J A (1.106)
FA 0 CAO -rA cA 0 -rA
° AO
C
v o6 ax At dCA
T=— =¢,_ J A= - J (1.107)
v -r -r
0 A A
(o] C
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1.2.3 OXIDATION OF C4 HYDROCARBONS TO MALEIC ANHYDRIDE
1.2.3.1 Oxidation of butenes to maleic anhydride

Various kinetic studies to investigate the mechanisms
for the selective oxidation of c, hydrocarbons to maleic
anhydride have appeared in the literature as reviewed by
Varma and Saraf (1979). The increasing application of
maleic anhydride in production of alkyd resins, polyesters,
fumaric acid, and other food additives is well known. Many
investigators have emphasized a two-stage redox mechanism
as first proposed by Mars and Van Krevelen (1954) or have
used the classical approach of  Langmuir and Hinshelwood
(Sunderland, 1976) or a combination of these two mechanisms

(Brkic and Trifiro 1979).

The oxidation of butene to maleic anhydride is
generally believed to proceed with 1,3-butadiene as the
primary intermediate (Varma and Saraf, 1978; Ostroushko et
al., 1972). Some authors have also included
crotonaldehyde (Ai et al., 1970 ; Seeboth et al., 1976) or
furan(Ostroushko et al., 1972) as reaction intermediate
together with CO, co,, acetic acid and other aldehydes as

side products.

Brkic and Trifiro (1979) investigated the selective
oxidation of 1-butene to maleic anhydride in a continuous
flow integral micro reactor over a catalyst consisting of
vanadium phosphorus oxide (VPO) alone and various
quantities of bismuth molybdate. The probable reaction

pattern which they suggested is:
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2-butene
l1-butene » butadiene ——————— maleic anhydride
> C0+C02 ¢

They also investigated the use of bismuth molybdate (Bi/Mo
= 2) as a promoter for VPO catalyst. The maleic anhydride
yield increased as a result of an increased rate of
dehydrogenation of 1-butene to 1,3-butadiene. Sunderland
(1976) investigated the kinetics of 2-butene to maleic
anhydride in a laboratory scale recycle reactor over
V0 -P_O, catalyst under isothermal conditions in the

°c. 2-butene was found to be

temperature range 300-350
oxidized by two competing routes, one leading initially to
maleic anhydride and water and the other to a mixture of
carbon monoxide, carbon dioxide and water.The carbon

monoxide was then further oxidized to carbon dioxide and

the maleic anhydride to carbon dioxide and water.

+0
80 + 2CH » 4HO0 + 2C0_ + 20 —2 5 2¢c0
2 2 8 2 2 2

20 0
— HO + 4CHO_ — 2 5 HO + 2CO+ 2CO -2 2co,

Recent development in C4 processes for making maleic
anhydride have been critically investigated by Varma and
Saraf (1979) over a vandyle-Phosphate catalyst (P/V =1.6)
supported on silica gel. The yield of maleic anhydride

which they found, depended significantly on the valence of
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the vanadium ions in the catalyst and the addition of
phosphorus was found to decrease the activity of the
catalyst. For the purpose of kinetic analysis, the

following reaction scheme was used by Varma and Saraf.

butene > butadiene » maleic anhydride (MA)

Ny

side products
(mainly carbon oxide)

The reaction of butene to maleic anhydride has been
widely studied by Ai et al. (1970) and Ostroushko et al.
(1972). they found the butene transformation proceeds by

consecutive steps:

1-butene
ll } — butadiene —— furan —— MA —— CO,CO2

2=-butene

1.2.3.2 Oxidation of n-butane to maleic anhydride

Kinetic studies on the selective oxidation of n-butane
to maleic anhydride are far fewer in number than those
reported for butene. An early paper by Breton et al. (1952)
described the oxidation of C4 hydrocarbons over silver,
silver oxide and vanadium pentoxide catalyst. They found
n-butane to be quite resistant to oxidation over silver and
silver oxide catalyst, while V, O, catalyst proved to be
non- selective, resulting in complete combustion. Hartig

(1954) has reported an appreciable yield of maleic







































































































































































































































































































































































































































