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ABSTRACT
This thesis uses studies on the recovery of a recombinant peripiasmic a-amylase from
Escherichia coli to illustrate process development for the recovery of biological products for
purification.

Fermentations have been carried out in batch mode using defined or complex medium at up
to 450 L scale, and also at 20 L scale in fed-batch mode using a defined medium.

Centrifugal whole cell recovery led to cell damage in each o f the types of centrifuges tested.
Damage was highest in the tubular bowl centrifuge, intermediate in a disk stack centrifuge,
and least in a multichamber centrifuge. The breakage in the disk stack centrifuge occurred
mainly in the solids discharge. There was little breakage during microfiltration of a complex
medium broth.

0.2 pm or 0.8 pm ceramic membranes were used to filter the spheroplast stream produced
by a combined lysozyme-osmotic shock treatment on the recovered cells. No additional
release of retentate protein was seen during microfiltration.

Transmembrane pressure

appeared to have little impact on the flux, but higher pressures reduced the transmission
levels.

The a-amylase transmission was higher than total protein transmission with the 0.2 pm
membrane.

No a-amylase selectivity was seen with the 0.8 pm membrane.

The

transmission performance during the trials has been correlated with the flux by means of a
‘transmittance’ term.

Permeate backpulsing has led to a significant improvement in the performance of a 0.2 pm
filtration. An investigation of the properties of the pulse has shown that there exists an
optimum pulse frequency, and that a reverse flow of liquid is. required for improved
performance.

Scale-up of microfiltration using constant wall shear rate has been demonstrated.

Centrifugal removal of cell spheroplasts showed a lower degree of protein release than with
the whole cells.

However chromatography grade material could only be produced by

centrifugation at low flowrates.
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Impacts o f separation processes on protein recovery from cells and cell spheroplasts.
Chapter 1. Introduction.
1. Introduction.
1.1 Description of thesis.
This thesis deals with some of the downstream processing issues associated with the
recovery of a peripiasmic protein;

thermostable a-amylase cloned from Streptomyces

thermoviolaceus into Escherichia coli. Issues of process development will be addressed,

specifically the impact of the choice of solid liquid separation technique on the protein
recovery. The issues of fermentation have been studied in detail elsewhere (French, 1993,
Turner, 1993 and Turner et a l, 1996).

This introductory Chapter provides a general background on the issues associated with the
production and purification of a recombinant protein in E. coli., and concludes with a
statement of the aims of this study. Chapter 2 details the general methods and equipment
used in the study. Chapter 3 deals with the choice of the experimental system, and details
some significant preliminary fermentation data, whilst the results of the fermentations are
dealt with in more depth in Chapter 4. Chapter 5 is concerned with the filtration of dilute
streams, and Chapter 6 reports the results of the microfiltration trials where the feed was
more concentrated. Chapter 7 considers the application of a rapid permeate backpulse for
performance enhancement. Issues of scale-up are briefly discussed in Chapter 8. Chapter 9
acts as a summary of the microfiltration data, and also details the various centrifugation
trials performed, at the end of this chapter the results are drawn together in a general
discussion of some of the process design considerations for the recovery of the peripiasmic
product. The conclusions of the study, and possible directions for future study are given in
Chapter 10.
1.2 General background.
The application of recombinant DNA technology has significantly increased the potential
for the fermentative production of proteins and polypeptides for therapeutic and diagnostic
applications. This increase in potential products has created the need for robust downstream
processing procedures for their recovery and purification. (Datar and Rosen, 1987, Hoare
and Dunnill, 1989, Strathmann, 1985, and Cooney, 1990)

Recombinant DNA techniques not only provide the opportunity for the production of new
materials, but also allow for the targeting of the product to a specific location (i.e. excreted
or leaked to the broth, or intracellularly as inclusion bodies or in a soluble form). If a gram
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negative host is used, intracellular location can be further sub-divided to cytoplasmic or
peripiasmic (where the plasmid for production contains an N-terminal signal sequence,
French et a l, 1996). The main advantages for each location are summarised in Table 1.2-1.
Location
Extracellular

Advantages

Disadvantages

Product is away from intracellular

Shear in gas-liquid environment may

proteases.

inactivate product. (Thomas and
Dunnill, 1979)
Product may be contaminated with
media components.

Periplasm

Protein folding improved by

Need for selective (i.e. without

(soluble protein)

oxidative environment. (Fahey et al.,

cytoplasmic contamination) release.

1977).

Limited volume of periplasm may

Product is away from most of

lead to product loss by leakage.

contaminating proteins. <10 % of

Over-expression may reduce outer

cellular protein is peripiasmic

cell wall strength, or lead to inclusion

(Beacham, 1979).

bodies.

Away from many proteases, only 7 in

E. coli out of 25 are peripiasmic.
(Swamy and Goldberg, 1982)
Product is isolated from the high
shear environment of fermenter.
Can recover product into a smaller
volume by osmotic shock. (French et

ai ,1996)
Periplasm or

Some protection from proteolysis.

Product formed in an in-active state,

cytoplasm as

(Flachel and Friehs, 1993)

requiring complex re-folding

inclusion bodies.

Can be recovered by

procedure using harsh chemicals.

homogenisation, as remain intact

(Flachel and Friehs, 1993, Meagher

under correct operating conditions.

etai, 1994)

(Flachel and Friehs, 1993)

Table 1.2-1 Advantages associated with different product locations.

1.3 General downstream processing issues.
There are some general issues associated with downstream processing which will be
addressed before the process design is considered in detail.
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1.3.1 Legislation and regulatory issues.
Advances in recombinant DNA technology have led to legislation on the processing of
recombinant micro organisms, (90/219/EEC (1990) and 90/679/EEC (1990)) there has also
been increased legislative demands placed on the Chemical Industry regarding pollution
control and environmental impact assessment of proposed chemical plants (85/357/EEC
(1985)).

The main thrust of the legislation has been the requirement for companies to assess the risks
of processing of the recombinant material (to employees, the general public, and to the
environment), and also to provide means of containment during all aspects of processing to
avoid an adverse impact on operators, the environment, or the public.

One of the main implications of any fermentation process (especially at a large scale) is the
infection of personnel with the agent being fermented.

Many recombinant E. coli

fermentations use K12 strains. Recent studies (Kane, 1993) have demonstrated that this
strain does not have any more ability to survive outside the laboratory than indigenous
strains. It has also been demonstrated that genetic material from recombinant strains does
not transfer to the indigenous population (Bogsian et a l, 1993 and Kane, 1993).

It is usual to provide a recombinant strain with antibiotic resistance, so that there is selective
pressure for production of the heterologous product.

This means that any infection of

personnel resulting from release of the organism would not be treatable with that antibiotic
(and possibly other antibiotics in the same group). Also, the presence of an antibiotic in
process fluids could sensitise personnel towards that antibiotic. Thus, wherever possible it is
bet to minimise the use of antibiotics, some plasmids are available which are more stable so
that the creation of selective pressure is no longer necessary, e.g. the addition of the cer
locus on the plasmid has led to increased stability of the plasmid pQR187 compared with
pQR126 in the production of recombinant peripiasmic a-amylase by E. coll (French and
Ward, 1994)

The purity requirements of the drug safety bodies in the US and UK are becoming stricter.
Final product purity requirements may be as high as 99.999 % (Cooney, 1990), there may
also be requirements for the complete removal of certain chemical (or biological)
contaminants from the product, e.g. proteins from an animal source added during
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processing, such as hen egg lysozyme, as otherwise there may be a risk of contamination of
the product with viruses or other harmful material from the original source of the chemical.
1.3.2 Product inactivation.
Much of the process development for fermentation is aimed at maximising the production.
Thus, any inactivation of that product during downstream processing is inefficient.

Protein inactivation is a two stage process. Initially the protein unravels, losing its tertiary
structure, this is considered to be a reversible stage of the inactivation process.

The

unravelled protein can then either refold, or undergo further changes into a form from which
if cannot revert to it original structure. Thus the inactivation process can be thought of as:

N<^U->D
where N is the native state of the protein, U its reversibly inactivated state and D its fully
inactivated state.

Little energy is required to form the ‘U ’ state, typically only 40-120 kJ m ole'l need to be
supplied to stabilise the molecule in its native form.

Thus only slight changes in the

environment can lead to the ‘U’ form of the molecule (Weijers and Van’t Riet, 1992).

Once the U form of the protein is present many factors can act to irreversibly change the
structure to the fully inactivated ‘D’ form. The main causes of inactivation are detailed by
Volkin and Klibanov (1989).
1.3.2.1 Loss of protein activity: shear effects.
Downstream processing may lead to proteins having long term exposure to shear fields.
This may be a particular problem with membrane processing (Bowen and Gan, 1991) where
retentate recycling is used (Mackay and Salusbury, 1988). It is generally accepted that
shear causes inactivation by deforming the protein structure, exposing hydrophobic
molecular groups normally ‘buried’ inside the molecule.

These groups will then move

together to minimise the surface energy, either aggregating with other proteins, or re-folding
in a new (inactive) form.

Such structural changes have been reported in the literature

(Bowen and Gan, 1991 and 1992).

The literature suggests that shear induced activation requires an interface at which the
deformed protein molecules can re-fold or aggregate. If air is excluded from a pumping
loop

little or no inactivation of the protein occurs, (Virkar et a l, 1981).

Thomas and
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Dunnill, (1979) have shown that inactivation only occurs in a stirred tank reactor when air
vortices are present. Flachel et a l, (1986) found that there was only a small loss of enzyme
activity in a membrane reactor and that this could perhaps be accounted for by a time related
effect rather than some form of shear inactivation.

Earlier research where air was not excluded (Charm and Wong, 1970 and Tirrell and
Middleman, 1975) led to higher levels of inactivation. The importance of the air-liquid
interface in protein inactivation is supported in a study by Kim et a l (1982).

Protein

inactivation was reduced when surfactants were added to the protein solution, preventing the
protein molecules from reaching the air-liquid interface. The unfolding has been shown to
be partially reversible by Charm and Wong (1970), who saw an increase in activity after a
previously sheared sample was left to stand. Shear at higher temperatures causes increased
inactivation (Thomas and Dunnill, 1979), so processing of protein streams may be more
effectively carried out at a lower temperature.

In filtration proteins passing through the membrane will experience shear, with molecules
which pass close to the pore wall experiencing a higher shear than ones which pass through
the centre of the pore. This shear can be estimated by the mass averaged shear (Bowen and
Gan, 1991 and 1992).
1.3.2.2 Loss of protein activity: biological effects.
Cells contain enzymes which are capable of breaking down proteins (proteases). These are
required by the cells for efficient use of nutrients during growth, e.g. to recover nutrients
which are present in proteins no longer required for growth, or for recycling of incorrectly
folded proteins.

Some of the proteases present may be capable of degrading the

heterologous product.

The action of proteases can be minimised by operating at lower temperatures, slowing the
rate of the proteolytic reaction (Enfors, 1992), or by operating at elevated temperatures
where the proteases are inactivated.

This latter option is only be feasible with a

thermostable product.

Protease inhibitors can be added to the product stream to prevent the proteolytic reaction.
The use of protease inhibitors requires a good knowledge of the system allowing the
targeting of the inhibitors to the proteases present, rather than adding contaminating
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chemicals. This is important as inhibitors will increase the purification costs of the process.
Also, inhibitors are often hazardous to health and so the quantities used should be
minimised.

It may be possible to prevent the production of some of the host system proteases by genetic
manipulation. However, their complete removal is not desirable, since this would lead to
growth problems (Enfors, 1992). Techniques such as engineering the product to a location
where it is protected from proteases (e.g. as inclusion bodies, or in the periplasm) are
probably more efficient. It may also be possible to alter the molecular structure of the
product so that the problematic protease is no longer able to attach to the molecule.
1.3.2.3 Loss of protein activity, environmental effects.
Changes in the pH alter protein structure. At the pi, the molecule will have no net charge,
but as the pH is changed the surface charge of the molecule alters. Electrostatic interactions
then occur and the molecule is deformed by the charged species that are attracted to it. The
pH changes also encourage the onset of hydrolysis of the peptide (C-N) bonds (at low pH)
and increased reactivity o f the S-S bonds at high pH.

The side chains of individual amino acids can be oxidised in the presence of certain
chemical reagents;

for example the SH group on the amino acid cysteine is readily

oxidisable. At low concentrations salts will lead to heavy metal binding onto the C-N lone
pair and high ionic concentrations lead to a similar form of structural deformation to that
seen with pH.

The Hofmeister lyotropic series illustrates the (de-)stabilising effects of

metallic ions (Volkin and Klibanov, 1989):

(CH3)4N+>NH4+>K+>Na+>Mg2+>Ca2+>Ba2+>S042->Cl->Br->C104->SCNThe species at the left of the series will reduce the solubility of hydrophobic groups on the
enzyme molecule, making the protein more stable. The ions at the right of the series are
most likely to bind to sites on the structure deforming it.

Organic solvents can create hydrophobic linkages which are not native, causing loss of
native structure.

Hydrophobic linkages may cause sufficient molecular deformation to

expose "buried" amino acids which bind to overcome their hydrophobicity, creating a
completely new conformation.

The chemical effects described above can generally be minimised by removing the problem
compounds. However, some physical effects are probably more difficult to overcome.
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It is well known that enzymes are not normally stable to heat. At higher temperatures the
free energy of dénaturation becomes negative and so the inactive form of the enzyme will
become more thermodynamically stable (Weijers and Van’t Riet, 1992). The unravelled
form of the enzyme, if cooled, is unlikely to return to its native structure. When protein
solutions are frozen dehydration of the enzyme occurs so that the protective water covering
is no longer present, allowing any chemical dénaturants present to attack the protein. As the
material freezes some of the buffer components may crystallise before the protein, the
resulting change in pH may lead to inactivation.
1.3.2.4 Overview.
The inactivation of proteins during the product recovery process is likely to be the main
causes for a reduced recovery of the protein. The main causes of inactivation is proteolysis
and, if the temperature control of the process is not accurate thermal inactivation will
become more of a problem. Shear inactivation is only likely to be a problem where there
are air-liquid interfaces.
1.4 Process design issues for a peripiasmic product.
The recovery of a peripiasmic protein from a fermentation broth requires several processing
steps before the product stream can pass to the purification stages. A product release step is
required as the product is intracellular. It is normal practice to recover the cells from the
spent fermentation broth prior to product release, removing any extracellular contaminants.
This must be done whilst minimising cell damage which m aylead to premature release of
the product, and so to its loss from the process. As the product is peripiasmic the product
release step should be designed to minimise contamination of the product with cytoplasmic
proteins. Once the product has been released it is important to ensure that it is not further
contaminated by the release of cytoplasmic material during the product recovery step.

Where standard chromatography is to be used in the purification a solids removal step is
required. Recent developments in expanded bed chromatography allow the feed stream to
contain some solid material. The primary stages (Lee, 1989) of the process are shown in
Figure 1.4-1.
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F e r m e n t a t io n

Cell

P roduct

P roduct

R ecovery

R elease

R ecovery

No cell breakage
(premature loss of
product).

No release of
cytoplasmic
proteins

No release of
cytoplasmic proteins
Complete solids removal.

Figure 1.4-1 Primary recovery stages fo r a peripiasm ic product.

1.5 Alternative solid-liquid separation technologies.
S olid-liquid separation is required at tw o stages in the peripiasm ic process, for the initial
recovery o f the cells, and then for the rem oval o f solids to prepare a feed for the purification
steps. The basic requirem ents for tw o process steps are essentially the sam e, there should be
no release o f additional protein during processing (either product in the first separation or
contam inants in the second). The requirem ent o f no solids in the liquid stream is equally
applicable to the first separation. The supernatant is considered to be a w aste stream , so any
solids in the stream w ill constitute a loss o f the intracellular product.

The tw o options

available for solid-liquid separation are gravity driven separation or filtration (pressure
driven and size related).

1.5.1 Gravity driven separation (Centrifugation).
1.5.1.1 T heoretical background.
G ravity based settling is often considered to be the "traditional" m ethod o f achieving the
crude cell-liquid separation. The sim plest form o f gravity separation is a settling tank, but is
not considered feasible for m ost biotechnological applications.

The density difference

betw een the solid and liquid phases is sm all, so settling tim es are extended, and autolysis is
likely to occur (B row n and K avanagh, 1987). The addition o f flocculants is possible as this
could reduce the settling tim es, but then there is an additional contam inant w hich m ust be
rem oved. Stokes law determ ines the rate o f settling o f a spherical particle under gravity:

Eqn 1-1
In centrifugation, the settling rate is enhanced by spinning the suspension, creating an
additional force on the particle so the settling velocity can now be w ritten as:
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d^^ApG
"

18/ /
Eqn 1-2

W here G is the additional com ponent due to the spinning o f the fluid, G=fspinCo2^ and so
centrifugation can be m ade m ore effective by increasing the distance betw een the particles
and the axis o f rotation (r§pin), or by increasing the spinning speed (œ).

The rate o f settling

is still directly proportional to the density difference betw een the solid and liquid
com ponents, w hilst settling rate

is inversely proportional to

the

liquid viscosity.

C onsidering the physical properties o f m any biological stream s these tw o relationships often
m ean that com plete solids rem oval is not always achieved (M ackay and Salusbury, 1987).
1.5.1.2 C entrifuge configuration
V arious form s o f centrifuge are available, as described by A m bler (1959) and A xelsson
(1985). The m ost suitable form s o f centrifuge for use w ith recom binant processes are the
autom atic solids discharging types (either the scroll type, or a solids discharging disk stack
centrifuge). Solids retaining centrifuges (tubular bowl or m ulticham ber type) are generally
less favourable as there is a higher risk o f operator contact w ith potentially hazardous
m aterials. There is also a higher risk o f product contam ination during processing.

A m ajor consideration w ith centrifugation is the risk o f aerosol form ation during processing.
Tinnes and H oare (1992) have dem onstrated that it is possible to operate successfully a
solids discharging disk stack centrifuge without releasing viable cells.
1.5.1.3 Scale-up o f centrifuges.
One key aspect o f process developm ent is the scale-up from lab scale equipm ent used
during the early stages o f developm ent to pilot scale equipm ent and ultim ately to production
scale. A m bler (1959) developed a theoretical basis for centrifuge scale up by considering
the distance that a settling particle m ust travel. This leads to the relationship show n in Eqn
1-3:

Apgf/

Vco^r

Q = 2 - r ^ _ ------—

nn

gs

=

Eqn 1-3
Thus, the flow rate through the centrifuge for 50 % recovery o f solids is determ ined by two
factors, the theoretical settling velocity in a gravity settling tank (v§g), and the E factor
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(which has units o f area, and is basically the equivalent area of a gravity settling tank
capable of performing the same level of separation).

By considering the geometries of

various centrifuges Ambler (1959) calculated S factors for different centrifuges.

Clearly, the same level of performance should be seen if the settling velocity in different
centrifuges is kept constant, this is achieved by keeping Q/E constant. If scaling is taking
place between different types of centrifuge it is also important to consider the relative
efficiencies. The type-to-type variation in efficiency results from varying degrees of solids
re-entrainment which are seen during centrifuge operation.

Bottle (lab) centrifuges are

defined as being 100 % efficient and tubular bowl centrifuges are generally 90 % efficient,
whereas the efficiency of a disk stack centrifuge is much lower, at only 40% (Lavanchy et
a l, 1972). Thus, when scaling between different forms of centrifuge, the E values must be

multiplied by the appropriate efficiency before calculating the required flowrate at the new
scale. The effects of shear breakage may also be important. If the feed is shear sensitive
then the higher flowrates required to keep Q/E constant as the size of centrifuge is increased
may lead to additional shear breakage, and a lower than expected performance.
1.5.1.4 Cell integrity during centrifugation.
As has already been stated, it is important that the solids recovery and removal stages do not
lead to breakage o f the solids as the product (or contaminants) will be released. Work by
Manweiler (1990) has shown that protein precipitates are prone to breakage as they pass
through a disk stack centrifuge, and studies by Hornby (1995) have shown breakage and loss
in viability of Pseudomonas putida when processed in disk stack, tubular bowl, and
multichamber bowl centrifuges.

Mammalian cells are considered to be particularly prone to shear damage, often requiring
special techniques during fermentation to reduce cellular damage.

The disk stack

centrifugation of a mammalian cell culture is reported by Kempken et al. (1995). Here
some solids carry over was seen during centrifugation.

This was mainly sub cellular

material, some of which was already present in the feed. However analysis showed that
there was some additional solids present in the supernatant, and that the size distribution
was more or less continuous from 10 pm (the typical cell size) down to 1 pm (the detection
limit of the sizer used). These observations suggest that there was breakage of some of the
cells as they passed through the centrifuge, producing cell debris which could not be
separated at the operating flowrate. In another study on the recovery of P-galactosidase
from E. coli homogenates, Datar and Rosen (1987) measured an increase in the titre of the
—
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intracellular product on solids discharge, this suggests that not all the protein was released
in the homogenisation step and that further solids breakage occurred on discharge.
1.5.1.5 Overview.
Centrifugation may provide a suitable technique for the cell recovery and product recovery
steps of the process, and a disk stack centrifuge is probably the only feasible alternative (as
a solids discharging system is necessary). There may, however, be problems associated
with shear damage o f the cells (and product) during centrifuge operation, either in the feed
zone (Mannweiler, 1990 and Brunner and Hemfort, 1988) or on solids discharging (Brunner
and Hemfort, 1988).
1.5.2 Microfiltration.
Microfiltration is the pressure-driven separation of solids from liquids (on a size basis)
using a porous membrane. The performance of a membrane filtration system is governed by
many parameters (see section 1.5.2.1). There is a long term reduction in performance (flux
decline, and loss of protein transmission) during most filtration based processes. Various
published models which can describe this behaviour are described in section 1.5.2.2.
1.5.2.1 Factors determining performance.
Transmembrane Pressure. P t m As the pressure drop across the membrane determines the flowrate of material through the
membrane. At low P t m ’s the degree of polarisation will be such that the polarised material
is removable by back transport (Brownian diffusion, shear enhanced diffusion, inertial lift
and tubular pinch are some of the mechanisms which have been proposed). Eventually a
pressure will be reached where the rate of solute convection towards the membrane exceeds
the rate of back transport, the limiting flux is then reached, and the flux is then unchanged by
further increases in PxM^ the membrane is then said to be concentration polarised. This
form of flux behaviour was reported for ultrafiltration systems by Porter (1972), and has
been seen in many microfiltration applications (e.g. Brown and Kavanagh, 1987, Shimizu et
a l, 1993).

Operation at higher P t m ’s leads to lower flux and transmission performance, as polarisation
and other fouling effects will be increased (Lee et a l, 1992). It has been demonstrated by
several workers that the P tM during start up of a membrane process can significantly affect
the long term performance. If a high P tM is used initially the high initial fluxes will lead to
more polarisation, and ultimately to lower fluxes (Attia et a l, 1991, Haarstrick et a l, 1991
and Field et a l, 1995). If the initial P tM is lower then it is often possible to operate for
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longer periods without significant loss of performance.

This is can be achieved by

controlling the flux flowrate, and gradually increasing the PTM as any fouling occurs
(Maiorella e/a/., 1991, van Reis et a l, 1991).

In crossflow filtration there will be a pressure drop along the module due to frictional
effects. This can lead to a P tm gradient along the length of the membrane, resulting in a
higher P tM

the inlet than the outlet. In the extreme case the P jM may even be negative.

Use of counter current permeate flow can eliminate the effects of the retentate side pressure
drop. This type of system was used by Gésan et al. (1993) who saw that it initially led to
lower fouling of the membrane, presumably because polarisation effects were controlled by
keeping P jM constant along the length of the membrane.
Crossflow velocity. Vr .
The flow of feed tangential to the membrane acts to minimise the build up of material at the
membrane surface.

Increasing the velocity of the crossflow increases the rate of mass

transfer by reducing the concentration boundary layer thickness, so that higher fluxes can be
obtained for the same PtM - The transmission performance is not necessarily improved by
increasing V q . Fouling and polarisation on the membrane surface is reduced by the
increased crossflow, but there will be no effect on any internal fouling of the membrane
which is determining the transmission performance, (Attia et a l, 1991).

Lojkine et al.

(1992) states that the flux is related to the crossflow velocity by a function of the form:

Eqn 1-4
Various values for the constant n are quoted, depending on the experimental system.

The P tm

which the transition between pressure and mass transfer control increases with

Wq . Thus, operation at higher V ç fs would be expected to lead to improved performance, in
practice V q is limited by the pumping requirements, and also by limitations in the shear
stress the cells or product can be exposed to before damage occurs.
Organism size and pore size.
When the particle size is increased there is an increase in the flux through the membrane
(Kroner et a l, 1984). The particulate material which collects at the membrane surface will
pack to form a bed of a higher porosity. According to the Carman-Kozeny relationship the
resistance R of the solid cake is given by:
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Eqn 1-5
Where V is the volume of filtrate,

is the membrane area, Cg is the bulk solids

concentration and the specific cake resistance a is given by:
/A

a = 180

(l-e ) 4

V

d..£'

y

Eqn 1-6
Where

8

is the porosity of the bed (thickness 5c) made up from particles of diameter d^.

Quantifying the size distribution of the feed stream can be difficult, as many typical feeds
have a size range close to the limits of detection of sizing equipment (Brown and Kavanagh,
1987).

The stage of cell growth, swelling and shrinking due to osmotic effects and

starvation, cell breakage at gas liquid interfaces etc. will all lead to time dependent variations
in the size distribution. If breakage does occur during processing then decreases in flux and
transmission performance would be expected.

Spread in the pore size distribution of a membrane can reduce the performance of the system
as pore plugging will occur if there is an overlap between the pore and particle size
distributions (Brown and Kavanagh, 1987, Lee, 1989).

Care must be taken during

membrane manufacture to minimise the spread of pore sizes. Glimenius (1985) states that
the pore size distribution of a ceramic membrane is generally smaller than that seen in
organic membranes as the construction method allows for more control of the final pore size.
This general statement must be qualified, as only a limited range of membranes may have
been tested, and also membrane construction techniques will have altered significantly since
Glimenius’ investigation.

Use of an ultrafiltration membrane could lead to higher flux performance than a
microfiltration membrane (Lee, 1989, Gatenholm et a l, 1988), presumably because the
retained solids roll along the ultrafiltration membrane surface, as they could not be trapped
in the pores. Similar flux improvements using ‘tighter’ membranes have been reported by
other workers (Brown and Kavanagh, 1987, Attia et a l, 1991, Bailey et a l, 1990).
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However, larger pores have been seen to be more effective in the filtration of yeast cells
(Russoti e ta l, 1995, Foley e/a/., 1995).

Tarleton and Wakeman (1993) have seen that there is a higher proportion of finer material in
the fouling layer than there is in the bulk liquid, thus, fouling may readily be reduced if the
amount of smaller material is kept to a minimum. Me Donogh et al. (1992) have seen that
there is a size gradation in the concentration polarised layer. The smaller particles in the
polarised level are situated closer to the membrane. The size distribution within the layer is
thought to cause fouling layer disengagement when the yield strength of the compacted fines
is reached. This fouling layer disengagement leads to sudden increases in the flux.

Transmission performance is not necessarily improved by using a smaller pore sized
membrane. A point may be reached where the effective pore size is reduced to such an
extent that the required product is no longer transmitted. Attia et a l, (1991) saw a loss in
transmission performance when a tighter membrane was used.

Reismeier et al. (1989) investigated different membranes and feed mixtures and found that
the specific cake resistance increased as the pore size was reduced.

The most effective

solution to this is to use a membrane with sufficiently large pores to give a reduced specific
cake resistance without increasing the degree of pore blocking.
Temperature.
The temperature can alter the flux in two ways (Kroner et a l, 1984). Temperature increases
can promote protein aggregation by altering the solubility of proteins and other solutes in the
feed, increasing the amount of colloidal material present. Temperature increases will also
decrease the viscosity of the process stream. This will lead to higher fluxes if other factors
remain unchanged (Kroner

<3/ . ,

1984 and 'Lo]\Cme et al, 1992).

Surface chemistry effects.
Membrane and protein surface chemistry will alter the fouling behaviour of the system. If
the membrane is hydrophobic then thermodynamics dictate which species will adsorb onto
the membrane.

The use of hydrophilic membranes has been suggested for improved

performance (Lojkine et a l, 1992, Kroner et a l, 1984, Fane, 1986, Fane and Fell, 1987, Van
den Berg and Smolders, 1988). Many workers advocate the use of hydrophilic membranes
to reduce protein adsorption. When the membrane is not hydrophilic, pre-treatment may be
used to provide the correct surface chemistry (Fane et a l, 1992). The presence of surfactant
molecules in the process stream may lead to a loss in membrane filtration performance, as
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these will adsorb onto the membrane. A significant decline in flux is seen when surfactant
dispersions are filtered (Akay and Wakeman, 1993, Fane et a l, 1992).

The chemical environment can influence the performance when proteins are present in the
feed, as the pH and ionic strength will alter the surface charge on proteins present. When the
protein is at its pi (carrying zero net charge) the degree of adsorption is higher (Sarry and
Sucker, 1992, Bowen and Gan, 1992 and Hanemaajer et a l, 1989). This is thought to be a
result of the absence of charge shielding of the protein, which stabilises the structure,
reducing the degree of deformation, when the protein is deformed it is likely to adsorb on the
membrane in order to shield the exposed hydrophobic groups.

The presence of charge

shielding molecules will also increase the effective size of the proteins, increasing the
permeability of the fouling layer.
1.5.2.2 Theoretical background and models of microfiltration.
The main features of microfiltration performance which must be reflected by a model are:
• pressure independence of the flux once a certain pressure is reached
• power law relationship between flux and crossflow velocity
• steady state obtained when the retentate concentration is constant
• flux (and transmission) decline due to fouling
Most microfiltration models have their origins in ultrafiltration theory, few models are fully
fundamental, although some workers (e.g. Bowen and et a l, 1995 and Song and Elimelech,
1995) have made advances in the application of fundamentals to microfiltration.

The

general problem with fundamental approaches is that the assumptions used in the model
development are normally not valid in many practical applications. For example. Song and
Elimelech (1995) assume that the polarising solids in their model are spherical and non
interacting, and much of the fundamental work by Bowen et al. (1995) requires detailed
knowledge of thermodynamic properties of the system, these are often difficult to measure,
and multicomponent systems (such as typical biological systems) will be difficult to describe
using fundamental thermodynamics.
Resistance Models.
The flux of liquid, J through a porous membrane is directly proportional to the pressure
across the membrane (P t m )

inversely proportional to the viscosity of the permeating

fluid (p), this relationship is described D ’Arcy’s Law:
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Eqn 1-7
Where R m is the hydraulic permeability of the membrane. In its present form Eqn 1-7
suggests that the flux will increase indefinitely as the Pt M is increased, which is clearly not
the case;

this is because the effects of retained material have not been taken into

consideration.

Material retained by the membrane will be transported towards it by

convection, due to the flow of permeate, this will create an additional resistance at the
membrane, R cp, the resistance due to concentration polarisation.

Some of the retained

material will form an organised layer on top of the membrane leading to a ‘cake’, which is
given a resistance R ^. The resistance of the cake will be dependent on the particle size, and
the Pt m (when the particles are compressible). Solutes present in the feed may also be
adsorbed onto the membrane and into its pores, creating an additional hydraulic resistance,
Rp. These resistances can all be combined in series so that Eqn 1-7 can be re-written as:
j ______________ ________________
+ -^c

(0 +

^C P

+

Eqn 1-8
This resistance in series approach is described by Van den Berg and Smolders (1988). The
time dependence of the cake resistance, R^, and the resistance due to adsorption describe the
time dependent flux decline. The resistance due to polarisation, R ^p will be low at low
PT m ’Sj but will increase to a limiting value as PpM is increased so that the flux will plateau
at a certain PpM This behaviour is discussed in depth in the next section.

Eqn 1-8 differs from the comparable ultrafiltration model because there is no correction for
osmotic pressure effects due to the retention of proteins. In most situations the effects of the
osmotic pressure of retained proteins is negligible in microfiltration as the concentration of
proteins will not be high enough (Song and Elimelech, 1995). In ultrafiltration the retention
of proteins creates sufficiently high protein concentrations that the osmotic pressure (which
is determined by an nth order polynomial expansion in concentration) is significant
(Jonsson, 1984 and Vilker et a l, 1984). If there is a significant level of protein retention
during microfiltration, the numerator in Eqn 1-8 must be corrected by subtracting an osmotic
pressure term.

29

Impacts o f separation processes on protein recovery from cells and cell spheroplasts.
Chapter 1. Introduction.
Polarisation models.
The theory of polarisation during ultrafiltration was outlined by Porter (1972). It is based
essentially on the mass balance of retained species, with the rate of convection towards the
membrane being balanced by diffusive back transport. Polarisation will always occur when
the membrane is selective to certain components of the feed (Song and Elimelech, 1995).
The retained species mass balance for ultrafiltration is:

Eqn 1-9
Where the diffusivity of the retained species is D^, 5 represents the thickness of the
concentration polarised layer, and Cypf and Cg are the wall and bulk concentrations of the
retained species.

It is generally accepted that in ultrafiltration the concentration of proteins at the membrane
will increase until a gel layer forms at a concentration C q, and that once this point is
reached no more protein can enter the polarised layer (Porter, 1972). This concentration of
protein can be estimated from the linear plot of J]jni, the limiting flux vs In C g as the
intercept on the In C g axis. However, different workers have obtained different values of
C q , bringing into question the physical significance of the gel concentration (Porter, 1972).
There is therefore still debate over the applicability of concentration polarisation based
models.

The polarisation model can be extended to microfiltration by estimating a particle
diffusivity,

using the Stokes-Einstein relationship, where T is the Absolute

temperature, k is the Boltzmann constant, p. is the viscosity and r§ is the radius of the
diffusing particle:
D

^

Eqn I -10
As Eqn 1-10 is only valid for dilute systems, a virial coefficient, kp) can be used to correct
D m O for higher concentrations Fane (1986):
~

^ d^ b )

Eqn 1-11
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When Eqn 1-11 is used with Eqn 1-9 to predict the flux, the measured flux can be up to two
orders of magnitude higher than the predictions. This is the so-called ‘flux paradox’ (Green
and Belfort, 1980). Plots of J vs In C g obtained by Brown and Kavanagh (1987) using
microfiltration data were sigmoidal in nature, rather than linear, showing the breakdown of
the gel polarisation model with microfiltration.

The breakdown of the polarisation model for microfiltration is thought to be due to the fact
that the back transport cannot be predicted using the Stokes Einstein equation (Brown and
Kavanagh, 1987). The mass transport away from the membrane is higher (Porter, 1972).
Various possible mechanisms for improved back transport have been suggested.

Lateral migration (also known as ‘tubular pinch’) is one possible explanation. Particles in a
flowing suspension will tend to migrate away from the walls of the tube in which they are
flowing. This is thought to be a result of inertial forces acting on the particles (Green and
Belfort, 1980)

Calculations of the inertial lift experienced by a particle in a flowing suspension show that
the lift velocity would be smaller in magnitude than the velocity of permeate towards the
membrane (Davis and Birdsell, 1987). Flux performance was predicted successfully by
Davis and Birdsell for laminar flow by considering the polarised layer as a flowing liquid
with a certain viscosity and that another viscosity can be used to describe the feed. By
considering the concentration polarised material as a non-Newtonian: fluid, and the bulk
liquid as Newtonian they were able to obtain predictions for the flux which accurately
predicted the flux performance during the ultrafiltration of latex particles.

Zydney and Colton (1986) considered the nature of the flow of particulates in a suspension:
particles will rotate, collide and overtake neighbouring particles which are travelling along
slower streamlines. Such interactions will lead to a net lateral migration of the particles. As
the interactions which lead to the migration are dependent on the random position of
particles at that time, the motions of individual particles will also be random and can then be
modelled by an effective diffusivity coefficient (the shear enhanced diffusivity).

Davis and Leighton (1987) proposed that shear induced lateral migration is responsible for
the back transport in a laminar flow system where the concentration polarisation layer flows
along the membrane.

Davis and Sherwood (1990) used the concept of shear induced
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diffusivity with concentration dependent viscosities to predict permeate flux. Shear induced
diffusion has also been used by Romero and Davis (1990) in the development of a model
which can predict the time dependent flux decline, once again in laminar conditions.

The drawback of the shear enhanced diffusion based models reported here is that they were
developed with the underlying assumption that the flow was laminar.
Fouling models.
Hermia (1982) developed several models which describe the fouling of membranes during
filtration, and hence determine the flux performance, these are summarised below:
Complete blocking filtration law.
Here each particle reaching the membrane will block a pore:

Eqn 1-12
Standard blocking filtration law.
Here the pore volume will decrease in proportion to the volume of permeate (e.g. internal
fouling with a soluble protein):
t
^

KJ

1

2

&

Eqn I-I3
Intermediate blocking filtration law.
Not every particle will block a pore, some will sit on top of other particles:

Eqn I-I4
Cake filtration law.
Particles are retained on the membrane surface forming a cake:

V,

2

a
Eqn 1-15

The above fouling models were derived for dead-end filtration. Field et al. (1995) have
modified these equations for use in crossflow microfiltration by including terms to account
for back transport. These modified equations have then been used to determine the fouling
mechanism in different forms of microfiltration (Field and Arnot, 1995).
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Force balance models.
The basic principle here is to determine the forces acting on a particle close to the
membrane so that it is possible to predict whether it will settle on the membrane (causing
fouling) or be re-entrained into the flow. Stamatakis and Tien (1993) developed a solids
fouling model for crossflow filtration based on the premise that not all the particles
convected towards the membrane will form a cake and lead to fouling, some will be lifted
away. A force balance model was developed (forces acting on the particle were due to the
crossflow and the permeate flow) and successfully applied to published experimental data.
A similar approach was also taken by Hwang et a l, 1996. They envisage that the particle
will be acted on by forces due to lateral lift, shear induced diffusion, electrostatic
interactions with the membrane, a drag force, gravity and Brownian motion.

Flux

performance was successfully predicted for latex particles. Neither of these models allowed
for particle-particle interactions in the polarised layer.
Review of available models.
The choice of a specific model as being most suitable for the description of microfiltration
data seems impossible. The concept of gel polarisation is probably the least applicable to the
MF system.

There will, however, be some factor which will limit the concentration of

polarised material at the membrane surface. The problem with all models outlined above is
that they consider only one aspect of the microfiltration problem, whereas in reality the
different phenomena of concentration polarisation, increased hydraulic resistance due to
polarisation and fouling phenomena, osmotic pressure effects and pore blocking will occur
simultaneously. The best approach to take would appear to be the use of the ‘Resistance in
series’ approach, where the various fouling resistances are estimated, and an empirical
model is obtained.
1.5.2.3 Scale-up of microfiltration.
Tutunjian (1985) proposes a scale-up procedure where additional membrane modules are
placed in series so that the required permeate flowrate is achieved.

In order for this

approach to work the inlet and outlet pressures in any additional modules must match those
in the single module, Wq should also be kept constant. This procedure does not allow for
any changes in module geometry or membrane material.

Cardew and Byrne (1995) also recognised that scaling of crossflow filtration is not simply a
case of increasing the membrane area.

This is because of changes in the operating

conditions within a membrane as a function of position.

Thus by simply making the

membrane area larger the fouling characteristics will not be the same and so performance
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cannot be expected to be scaled.

Any scale-up protocol must keep consistent fouling

conditions between scales.

Ultrafiltration scale-up is addressed by Brose et al. 1995. Filtration was performed at the
threshold P tm (*-®- ^he PxM above which there is no further improvement in flux
performance) to estimate mass transfer coefficients and the gel concentration. These were
correlated with operating conditions for the two operating scales (membrane cartridges
containing the same membrane were used at two scales).

Correlations based on gel

polarisation theory and mass transfer coefficient correlations were then used to predict the
performance between scales.
1.5.2.4 Cell integritv during microfiltration.
The premature release of product during cell recovery and the release of additional protein
contaminants following selective product release is to be avoided. With this in mind, issues
of cell integrity during microfiltration should be addressed. For the purposes of this work,
cell integrity is defined as the cell structure, whereas cell viability is used to describe the
ability of a cell to divide and grow. Cell viability is not o f direct relevance to this study, but
it is possible that any reported losses of cell viability are accompanied by a loss of cell
integrity. A cell can maintain its structural integrity and still lose its viability.

The shear effects associated with microfiltration, and their influence on cell integrity have
generally not been reported. Discussion of shear in microfiltration is usually limited to its
effect on fouling. Hornby (1995) estimated shear stresses using power the dissipation per
unit volume and showed that the shear stresses experienced during a typical microfiltration
system are similar to those in a fermenter. Hornby (1995) saw loss of cell integrity and cell
viability during the filtration of Pseudomonas putida, but this was only after extended
operating periods, and at very high cell concentrations

(-1 0 0

g L"1 dry weight).

One of the few papers to report the shear damage of cells during filtration is that of Nagata
et al. (1989) where Bacillus polymyxa cultures were filtered. At lower V ^ ’s the cell count
increase during processing, indicating no loss of viability. However, a loss of viability was
identified at higher V ^ ’s. This loss in viability was related to structural damage of the cells.
Chan et al. (1991) use microfiltration at high V ^ ’s so that Re-20 000 in the presence of
Na 2 EDTA for product release. It is interesting to note that microfiltration under the same
flow conditions lead to no product release in the absence of the EDTA, showing that shear
alone was not sufficient to break the E. coli.
.-3 4 -
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Shimizu et al. (1992) determined the threshold shear stresses at which various bacterial cells
began to break. The shear stresses experienced by the cells in a tubular microfiltration
module were significantly lower, ~ 100 N m"2, compared with typical threshold stresses of
~ 10 kN m"2.

This means that low levels of cell breakage would be expected.

collected shows that this is indeed the case, with a maximum breakage level of

Data
~6

%,

reached after 70 hours of recirculation. The degree of breakage was shown to be a function
of the pump used in the recirculation loop, with a centrifugal pump giving the highest level
of breakage, a single screw pump gave a slightly lower level of breakage, and essentially no
breakage was seen with a rotary lobe pump. This final observation clearly illustrates the
influence o f recirculation pump choice on performance.

It is generally recognised that mammalian cells are prone to shear damage. Van Reis et al.
(1991) and Yaks et al. (1984) used crossflow filtration to recover recombinant products
from animal cell cultures. Yaks et al. (1984) found that the recovery of the interferon
product was quite low, -60% of the amount available in the feed was recovered.

The

product was found to remain associated with the retained cell debris, rather than passing
through into the permeate. The higher recoveries seen in the trials by Van Reis et al. (1991)
result from the fact that the final filtration step was not carried out as a concentration step,
but used diafiltration, so that the viscosity of the stream (and hence the shear stresses) was
not increased. A 7 % loss in cell viability was reported.

Maiorella et al. 1991 identified several possible mechanisms for the breakage of
mammalian cells during microfiltration;

stress deformation under laminar shear, cell

deformation as P tM pushes them into the membrane pores, and turbulent damage in the
recirculation pump. Cell damage was seen during filtration, with a higher degree of cell
damage in media which had a lower protein content. The addition of a surfactant reduced
the level of damage. A window of safe operation was found by considering each of the
postulated breakage mechanisms and identifying the relevant thresholds.

Microfiltration of a polysaccharide produced in fungal culture led to a loss in product
quality (viscosity reduction), whilst most of the loss was due to action of the pump,
additional losses were seen when filtration was performed (Haarstrick et a l, 1991).
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1.5.2.5 Improving the microfiltration performance.
The performance of the membrane system as required in this study will be measured by
three parameters, the maintenance of cell integrity during processing, the flux and
transmission performance. The control of cell viability loss basically requires minimisation
of shear effects. This means that if a shear sensitive system is being used, then pumps will
have to be carefully selected, and operation will be limited to lower V q ’s and P t m ’s, where
shear stresses are below the threshold levels for the cells being processed. This is not a
particularly helpful conclusion to reach, as high V ^ ’s are normally required for good flux
and transmission performances. This suggests that other means of improving the flux and
transmission performance will be required.

Various approaches to performance

improvement are discussed in this section.

It is sometimes possible to improve the performance of a microfiltration system without
resorting to complex flow management strategies. Goklen et al. 1994 found that up to a
four-fold increase in flux performance and up to a five-fold increase in transmission
performance was seen by simply identifying the main foulant (a component of the
fermentation broth) and reducing the amount used in the medium. Several workers have
found that operation under constant flux (rather than Pxm ) can also lead to better long term
performance as the start-up effects reported by Haarstrick et al. (1991) can be avoided
(Field et al., 1995, Foley et a l, 1995). Field et a l (1995) have found that operation at lower
fluxes can lead to very significant improvements in flux performance, with little or no long
term flux decline. A critical flux is proposed below which deposition o f solids on the
membrane surface does not occur. Howell (1995), reports the effective use this approach in
the filtration of yeast suspensions.

The concept of a critical flux may indeed allow for improved flux performance, but its
influence on transmission has not been addressed. Where the permeate contains proteins,
adsorption of proteins on the membrane and within its pores is expected, and this will alter
the filtration characteristics of the membrane, so that the transmission may decline, even
when flux is constant. Hermia’s (1982) standard blocking law could be significant here as it
will allow prediction of the effective pore size of the membrane. This may then allow
prediction of the transmission performance using Ferry’s equation. This approach was used
by Gésan et a l, (1993) but was found to overpredict the transmission. This could be due to
the fact that it was assumed that standard blocking was applicable so that the effective pore
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size could be estimated, whereas the flux data appeared to fit the complete pore blocking
model.

Operation of a microfiltration system with dynamic counter pressure management (co
current flow of the permeate) leads to improved performance (Gésan et a l, 1993). Fouling
effects are reduced, and the same degree of polarisation will occur along the membrane
length so that the whole length is used as efficiently as possible.

The fluid mechanics of the filtration system can also be manipulated in order to improve
performance. Dekker and Boom (1995) summarise the main approaches in their review
paper. Novel flow regimes can be used to create vortices which lift fouling material off the
membrane. Taylor and Dean vortices can be created by creating curved flow channels,
spiral-winding of the membrane, or by adding screw thread inserts inside (Field et a l, 1995,
Howell, 1995). Whilst the use of inserts leads to improved performance, there could be
problems associated with their cleaning and sterilisation, as areas of little or no flow may
occur on the insert so that solids material can collect leading to problems with product
contamination. Vortex mixing was also used by Bellhouse et a l, (1994) to improve the
performance of a flat sheet membrane by adding flow deflectors perpendicular to the
membrane, on alternating sides of the flow channel.

Flow instabilities can also improve performance.

Bertram et a l (1993) used pulsating

retentate flow (caused by a collapsible tube onto which external pressure pulses were
applied) and saw a 40 % improvement in flux. This was accounted for by a lower calculated
R (3 during pulsed filtration compared with standard operation.

Reverse flow of permeate back through the membrane can also be used, as the flow of
material acts to lift fouling material off the membrane surface. Levesley and Hoare (1995)
distinguish between backflushing (reverse flow for periods for up to a minute at intervals of
between a minute and an hour) and backpulsing where the pulses are normally less than a
second, and at higher frequencies.

Backflushing has been used by many workers, and has the main drawback that it is not
possible for the reverse flow to remove a sufficient proportion of the fouling material for
long term flux decline to be avoided. Padilla-Zakour and McLellan (1993), Boonthanon et
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al. (1991), Stumpe et al. (1993) all found that, whilst backflushing is effective to some
extent, long term flux decline is still a problem.

The same level of long term fouling effect was not seen by Jonsson and Wenten (1994) who
operated a yeast microfiltration in constant flux mode for a long period of time,
concentrating the feed from 500 L to 5 L. A backpulsing procedure was used, reversing the
permeate flow for 0.1 seconds at 5 second intervals. Transmission performance was also
improved compared with unpulsed filtration (protein transmission was increased from ~50
% to -100 %). There is some evidence that fouling still occurred in this system, as it was
necessary to increase the Pt M during operation to achieve a constant flux. Levesley and
Hoare (1995) used a backpulsing system for the filtration of yeast homogenate suspensions.
Flux decline was seen during the filtration, and there was essentially no improvement in
flux, but a significant improvement in transmission performance. The reasons for this are
unclear. It is possible that the pulses cause sufficient disturbance of the fouling to allow
more protein to pass through, but that the fouling layer is not sufficiently altered to lead to
significant flux improvement.
1.5.2.6 Overview
The performance of a membrane system is assessed in terms of the magnitude of the
permeate flux and, where a product is being recovered, the percentage transmission of the
target species through the membrane. A good system will show a high flux and a high
percentage transmission, so that the rate of recovery of target material is high. The effect of
different process conditions on the flux and transmission are considered in the following
sections.
1.5.3 Centrifugation vs Crossflow Filtration.
Cost.
Mackay and Salusbury (1987) have reported that capital costs for a microfiltration based
separation system are higher than those for a centrifuge based system. This is perhaps no
longer the case, as the membrane replacement costs have probably reduced. The key cost of
a microfiltration based system is now likely to be the pumping requirements, although the
trend to operate at lower pressures may allow for some reduction in this cost. The main
costs associated with a centrifuge based separation are the maintenance requirements.
Containment and safetv.
Several workers suggest that centrifuges can lead to problems with aerosol formation,
especially when solids are discharged (Brown and Kavanagh, 1987 and Bailey et a l, 1990),
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but work by Tinnes and Hoare (1992) has demonstrated that there is no release of viable
Lactobacillus during centrifugation in a disk stack centrifuge. Microfiltration is generally
accepted to have no risk of aerosol production (Gatenholm et a l, 1988).

The more basic aspects of operator safety during operation are also worth mentioning.
Microfiltration is operated at relatively low pressures, whereas high spinning speeds are
used in centrifugation. The potential hazards associated with a machine failure are therefore
considered to be far more significant for centrifugation than for microfiltration.

Several workers have shown that a membrane can act as a sterile barrier (Bennasar et a l,
1982 and Padilla-Zakour and McLellan, 1993), producing a permeate which contains no
viable micro organisms. It is not expected that centrifugation could offer the same sterile
function, as there is a higher risk of cell carry-over in centrifugation than there is for cells
passing through a correctly sized membrane.
Dewatering.
The level of solids dewatering achieved is significant.
liquid until the hold-up of the system is reached.

Microfiltration can only remove

On the other hand a higher level of

dewatering is possible with centrifugation (with scroll > multichamber bowl = tubular bowl
> disk stack). If the solids are too highly dewatered, this can lead to resuspension problems
later in the process. Kroner et a l (1984) recommend that a final cell concentration of 40 %
(w/v) where solids resuspension is required.
Driving force.
Centrifugation relies on the solid-liquid density difference for solids removal. This means
that the smaller, lighter solids in the feed may not be removed by centrifugation.

In

contrast, microfiltration is a size exclusion process, and so long as a suitable membrane pore
size is chosen solids should be excluded from the product stream.
Footprint area.
In general centrifuges are compact machines, with only a few peripheral units (Mackay and
Salusbury, 1988). Filtration systems can require larger areas for installation, but this is very
much a function of the configuration chosen.

Some of the flat plate systems available

provide quite a compact arrangement of a large membrane surface area, whereas tubular
membrane systems will generally require a larger footprint area to achieve the same
membrane area.
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Product losses.
The main problem with centrifugation is likely to be inactivation of the product (thermal
and shear effects), as temperature control of a centrifuge can be difficult (Mackay and
Salusbury, 1988). With microfiltration temperature control is readily achieved using a heat
exchanger placed in the retentate recirculation loop, but there are likely to be product losses
due to adsorption of proteins onto the membrane during processing, as well as shear related
effects.

Retention time may also play a part here.

Recirculation of the retentate during

microfiltration could lead to shear damage of proteins which are normally unaffected by
centrifugation, as the period of exposure to the shear field is so much higher in
microfiltration.
Scale-up.
Issues of scale-up have already been discussed in some depth.

The scale up of

centrifugation is possible following using the generally accepted Z concept.

For

microfiltration, scale up can be relatively easy if it is just a case of adding another module in
series (or parallel) to increase the overall capacity of the process. Microfiltration scale-up
does, however become more complex when the geometry of modules is altered.
Shear.
There are usually regions of high shear in the feed zones of a centrifuge, these can lead to
shear stresses significantly higher than those seen in a fermentation, and so a high degree of
-cellular damage could be expected. Microfiltration systems generally lead to lower shear
stresses, and so lower degrees of cell damage can be expected (Homby, 1995).
Cleaning and sterilisation.
As long as all the solids are removed before sterilisation, cleaning of a centrifuge is quite
easy. Care must be taken following a CIP procedure to check that the relevant seals and ‘O ’
rings are still fully functional. Cleaning and sterilisation of microfiltration membranes is
now possible, with the arrival of new, more robust membrane materials.

However, the

question of whether a membrane is truly clean is a problem. The membrane pure water flux
may be restored by a cleaning protocol, but some fouling material may still be present on
the membrane which does not alter the flux performance, but significantly affects the
transmission performance. Blanpain et al. (1993) have found that they can observe similar
flux performance between membranes with very different levels of internal fouling, but that
the rejection properties are significantly different.
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1.6 Alternative product release techniques.
The use of genetic engineering to target the production of a heterologous protein to the E.
coli periplasm provides the opportunity for the recovery of the product without introducing
additional intracellular or extracellular contaminants (Biedermann and Jepsen, 1989 and
Chaib et a l, 1995).

Chisti and Moo-Young (1986) take the opposite approach:

an

intracellular product will increase the expense of a process, as additional cell concentration
and product release stages are required. They suggest that the ability to release the product
into the fermentation medium is an advantage.

The stages required for the recovery of a periplasmic product have already been identified in
Section 1.4. The product release step should be sufficiently gentle to prevent release of
cytoplasmic material or nucleic acids.

Kula and Schiitte (1987) state that selective

periplasmic release mechanisms are available. The product release techniques available are
summarised in Figure 1.6-2.
Cell disruption.

Non-mec hanical

Lysis

Heat
Shock

Mechanical
1

Dessication

Liquid shear

Solid shear
Chemical

Bead mill

High-pressure
homogeniser

Ultrasound

Freeze-press

(detergents/solvents
Physical

Enzymatic

(osmotic shock)

Figure 1.6-2 Product release techniques. (Adaptedfrom Chisti and Moo-Young, 1986.)
1.6.1 Mechanical product release methods.
The effectiveness o f a mechanical release mechanism is dependent on the cell wall strength.
This can be a function of the fermentation type, with complex medium fermentations
producing cells with stronger cell walls than defined medium (Chisti and Moo-Young,
1986). Cell starvation can also strengthen cell walls. (Kula and Schiitte, 1987).
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The strength of cell walls is such that more than one pass through a homogeniser is usually
required to release an intracellular product (Kula and Schiitte, 1987). Multiple passes will
lead to some of the weaker cells breaking open completely, releasing cytoplasmic
contaminants and proteases.

Once proteases have been released any additional passes

required will increase the operating time, and so increase the effects of proteolytic reactions.
The use of protease inhibitors is limited by the risk of operator exposure. If the inhibitors
are added before the release process starts, then there is a high risk of operator exposure,
and if they are added after the product release step product degradation will probably have
started.

Considering that the strength of cell walls may not be constant from one

fermentation batch to the next, it will be difficult to design a mechanical release step which
releases only the periplasmic proteins.

High pressure homogenisation leads to release of heat, due to adiabatic compression.
Typically 2 °C are released for every 10 MPa of compression (Chisti and Moo-Young,
1986).

Heating effects can be significant, especially when the feed has a high solids

content.

This means that multi-pass cell treatments will require interstage cooling to

prevent thermal inactivation of the product, and to minimise the rate of proteolytic
reactions.

Wear of the equipment will also be a problem with homogenisers and bead mills, with
expensive resistant materials of construction being required to minimise these effects.
There are other more specific wear problems with a bead mill. The grinding medium may
reduce in size due to attrition.

This could possibly lead to the smaller grinding beads

passing out of the mill with product, contaminating it.

A reduction in the size of the

grinding beads will also reduce the efficiency of the bead mill, as a higher proportion of the
kinetic energy will be wasted on conveying the beads along the mill (Chisti and MooYoung, 1986). If the bead size is reduced, it will also lead to higher levels of breakage than
are required (Chisti and Moo-Young, 1986).

The other mechanical product release methods, ultrasonication and the French press are
really only suitable at a laboratory scale. Ultrasonication requires a large power input, but is
also impractical from a safety point of view, as exposure to ultrasound can lead to hearing
loss. The French press involves passing frozen cells through flow restrictions. Considering
the impact freeze-thaw action can have on protein configuration, this technique does not
appear appropriate.
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1.6.2 Non-mechanical product release techniques.
Solvents and other chemicals can be used to permeabilise the outer cell membrane,
selectively releasing the periplasmic product. Naglak and Wang (1990) used Triton X-100
and guanidine hydrochloride to permeabilise the outer membrane of E. coli. They found it
was possible to release selectively the periplasmic contents using guanidine alone, but that
adding Triton X-100 lead to cytoplasmic release as well.

Chaib et al. (1995) compared the chemical treatment of E. coli with guanidine
hydrochloride or chloroform with an osmotic shock procedure. They saw that guanidine
hydrochloride treatment led to the most selective release their product, but that osmotic
shock lead to a considerably higher proportion of the available product being released.

One key consideration of the use of chemicals for product release is their impact on the
product. For example, guanidine is known to denature proteins (Weijers and Van’t Riet,
1992), chloroform may also lead to problems with environmental and operator safety. Other
chemicals such as glycine (Ariga et a l, 1989) can be used to release the product, but the
addition of such chemicals may lead to regulatory problems.

Osmotic shock was initially developed as a small scale technique, and provides a useful
alternative to chemical techniques, since the chemicals involved are generally accepted by
the regulatory bodies. The technique employed by Chaib et a l (1995) is typical. Here the
cells were recovered by centrifugation and then resuspended in a 25 % (w/v) sucrose
solution“containing 100 mM Na 2 EDTA and 200 mM Tris HCl at pH 9. After incubation at
4 °C the suspension was centrifuged again, and the cells resuspended in cold 10 mM Tris
buffer.

The periplasmic contents were released into the buffer in order to balance the

osmotic pressure. Biedermann and Jepsen (1989) used a similar protocol, but employed
microfiltration for the solid liquid separations. The cells were recovered by microfiltration
and washed in buffer, of 20 % (w/v) sucrose solution containing 1 mM Na 2 EDTA and 1
mM Tris HCl. After a conditioning period the sucrose solution was filtered off and replaced
with water to complete the osmotic shock. The product was then be recovered by a final
filtration. This membrane based approach provides a contained method for the periplasmic
release, and so long as membrane fouling is not a problem, will lead to a product stream
containing few solids.
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Biedermann and Jepsen (1989) found that addition of lysozyme during osmotic shock led to
a higher degree of periplasmic release, similar results have been reported by French et al.
(1996).

This is thought to be due to degradation of the peptidoglycan matrix in the

periplasm. Chisti and Moo-Young (1986) suggest that the use of lysozyme will lead to
more selective recovery of the periplasmic proteins, as the enzyme is targeted towards the
periplasmic peptidoglycan. The use of lysozyme has previously been thought too expensive
(Naglak and Wang, 1990, Chisti and Moo-Young, 1986, and Biedermann and Jepsen, 1989)
but as research advances other fermentative sources of lysozyme may become available;
e.g. T4 lysozyme has been produced in E. coli, and protein engineering has been used
(insertion of poly-histidine tails) to allow the recovery and recycling of the enzyme using
Immobilised Metal Ion Affinity Chromatography (Sloane et a l, 1996).

O ’Brien et a l,

(1996) report the successful application of this lysozyme in the selective release of
recombinant a-amylase from E. coli (the same host and heterologous protein system as used
in this study).

Product release may also be possible using a heat shock. Heating of the broth to 80 ^C and
holding this temperature for 10 minutes was reported by Lee et a l (1992). This process is
unlikely to be selective to periplasmic proteins, and is also likely to lead to aggregation and
inactivation of proteins present (possibly including the product).

This means that the

processing of the stream produced may be very difficult.
1.6.3 Overview.
O f the techniques available for product release, the combined osmotic shock-lysozyme
procedure appears to be the most suitable. The release has been shown to be selective, and
the protocol does not involve the use of chemicals associated with product damage, or
which are potentially hazardous. The availability of a recoverable lysozyme which can be
re-used means that the use of lysozyme is now economically viable, as the amount of
enzyme required for processing is reduced. The removal of lysozyme from the product
stream before purification is begun will also reduce the protein loading in expensive
purification systems, reducing the purification costs. Mechanical product release techniques
have been ruled out as the risk of fermentation to fermentation variations in cell strength
means that the design an operating protocol which selectively releases the periplasmic
proteins will be difficult.
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1.7 Aims of The Project.
The aim of this project is to study how processes are best synthesised for the recovery of
biological products, to allow for their purification. A recombinant E. coli host system which
produces a thermostable periplasmic a-amylase will be used as test system.

The suitability of the various alternative solid-liquid separation operations available for the
cell recovery and product recovery steps of the periplasmic product recovery process will be
assessed. The key requirements of the separations being:
• maintenance of cell integrity during cell recovery
• prevention of release o f protein contaminants during product recovery
• no solids carry over from product recovery to purification
• production of a product stream with minimal losses in yield
The performance of various available technologies will be assessed.

Specifically the

influence of the processing environment on the integrity of cells and spheroplasts will be
investigated.

Where possible, mechanisms by which performance can be improved will be investigated.
Scale-up issues are an important feature of process design, these will be addressed where
appropriate.
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2. General methods and equipment for fermentation and downstream processing.
This chapter details the general techniques used in the fermentation and downstream
processing studies. It consists of four main sections: a fermentation section which details
the media recipes used (the choice of medium and strain is covered in Chapter 3), a section
on assays which describes the analytical techniques employed in the fermentation and
downstream processing work, a section which describes the preparation of the feed for the
downstream studies, and finally a section describing the equipment used in the downstream
processing trials.
2.1 Fermentation.
Fermentations have been carried out in batch and fed batch modes in stirred tank fermenters.
Shake flask cultures have been used to provide the inocula for these fermentations, and also
for the strain and medium evaluation studies detailed in Chapter 3. The following sections
will describe the culturing techniques used, media recipes and culture conditions.
2.1.1 Stock maintenance.
Glycerol stocks were prepared from overnight growth (16 hours) of the required strain on
agar plates prepared using defined medium (see section 2.1.4) solidified with agar. 5 g L"1
of glycerol was sterilised with the mineral salts and agar. Magnesium sulphate, thiamine
and kanamycin (SIGMA K4000, to a final concentration of 0.02 mg L"l) were filter
sterilised into the cooled sterile agar before the plates were poured.

Plates were inoculated from previous -70°C stocks using a sterile loop, and were then
incubated at 37°C until a suitable level of growth was attained. The cells were aseptically
transferred from the plate by pipetting ~3 mL of sterile 20% w/v glycerol from 5 mL in a
sterile glass bijou onto the plate, scraping the cells from the surface and then re-pipetting the
cell suspension back in to the bijou. These bijoux were then stored at -20 °C and -70 °C,
the

-2 0

°C stocks which were kept for upto four months, were used once and then discarded,

the -70 °C stocks were used for longer term storage. This approach avoided the repeated
sub-culturing of the cells on agar, which lead to the cells’ inability to grow on defined
medium.
2.1.2 Agar media.
The cells grown for inocula were cultured on Nutrient Agar plates (28g L“^ of Nutrient
Agar (OXOID/Unipath CM3) in R.O. water) containing l%w/v insoluble potato starch
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(SIGMA S4251), and kanamycin to a final concentration of 0.02 g L"^. The antibiotic was
filter sterilised into the cooled sterile agar using a

0 .2

p.m filter immediately before the

plates were poured. These antibiotic-containing plates will subsequently be referred to as
NASK plates.

Antibiotic-free (NAS) plates were prepared in the same way, but no

antibiotic was added after sterilisation.
2.1.3 Complex Media.
2.1.3.1 Nutrient Broth 2. rNB2V
NB2 is a proprietary media from OXOID/Unipath (Code CM67).

The powder was

dissolved in distilled water to a final concentration of 25 g L"l. Kanamycin was added to
the sterilised broth, by filter sterilising a solution of the suitable concentration into the
sterile medium (0 .2 pm syringe filter) so that the final antibiotic concentration of was
0.01 g L-1.
2.1.3.2 ‘TBK’ broth.
This medium was developed by Tartof and Hobbs(1987) in order to grow E. coli strains
containing plasmids, and was named ‘Terrific Broth’ (abbreviated to TBK here).

The

medium is rich in amino acids, as it contains two complex sources o f them: yeast extract
and tryptone. The media can be sterilised with all the components together, filter sterilising
in the kanamycin after sterilisation using a 0.2 pm syringe disc filter. The composition of
‘Terrific Broth’ (in g L“l) is: yeast extract, 24.0; tryptone, 12.0; KH 2 PO 4 , 2.30; K 2 HPO 4 ,
3.78; glycerol, 4 mL L“l; kanamycin, 0.01.
2.1.4 Defined medium.
The defined medium used in the fermentations was developed by Turner (1993).
medium composition in g

The

is: (NH4 )2 S0 4 , 10; NaCl, 2.5; FeS 0 4 , 0.25; citric acid,

0.25; Na 2 HP 0 4 , 2.16; KH 2 PO4 , 0.64; MgS0 4 , 0.2; kanamycin, 0.01; thiamine, 0.1;
trace element solution, 1 mL L"^. The composition of trace element solution (g L“l) is:
CaCl2 , 10;

H 3 BO 3 , 4;

MnCl4 .4 H 2 0 , 2;

CUSO4 .5 H2 O, 0.4;

C 0 CI2 .6 H 2 O, 0.4;

NaMo 0 4 .2 H 2 0 , 0.2; ZnS 0 4 .7 H 2 0 , 2. A range of carbon sources have been used in the
studies. Unless otherwise stated, the concentration of the carbon source in a shake flask
culture was 5 g L" ^, and in a stirred tank fermenter the concentration used was 30 g L 'l. In
all cases, the MgS 0 4 and carbon source were autoclaved separately, and the kanamycin and
thiamine were filter sterilised into this mixture which was then added to the fermenter
(immediately after) or flasks (immediately before) inoculation, depending on the fermenter
used.
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2.1.5 Fed-batch feeds and medium.
The basic batch medium sterilised in the fermenter, into which the cells were inoculated was
prepared according to the standard defined medium recipe described earlier.

Two types of feed were employed in the fermentations: a ‘simple’ of 250 g L“1 glycerol
feed was used for the first part of the fermentation, until a maximum OD^OO of 30 was
reached, and then a ‘mixed’ feed composed of (in g L"l):

MgSOzt, 1; glycerol, 250;

(NH 4 )2 S0 4 , 50; Na 2 HP0 4 , 13.5; KH2 PO4 , 4; FeS 0 4 .7 H 2 0 , 1; citric acid, 1; trace
elements, 2.5 mL L"l; kanamycin, 0.025 and thiamine 0.25. As before, the medium was
sterilised as separate mixtures, the phosphates with the (NH 4 )2 S0 4 and NaCl, the citric acid
with the FeS 0 4 and the glycerol with the MgS 0 4 , the volumes of these summing up to the
final 2 L required for the feed cylinder. Trace elements, kanamycin and thiamine were filter
sterilised ( 0 .2 pm syringe filter) when all the components were combined, just before
feeding was started.
2.1.6 General fermentation protocols.
2.1.6 .1 Shake flask cultures.
The shake flask evaluation studies and fermentation inocula were grown in standard 2 L
conical flasks with a working volume of up to 500 mL per flask. Defined medium flasks
were inoculated by aseptically transferring cells from an NASK plate by resuspending them
in sterile medium using a sterile pipette. TBK flasks were inoculated with 1-2 colonies
from an NASK plate using a sterile loop. Flasks were incubated at 37°C in a reciprocal
incubator (at 180 rpm) or preferably an orbital incubator (at 200 rpm) (New Brunswick,
Watford).

For the strain evaluation trials on TBK (See Chapter 3), flasks were inoculated with cells
from an overnight shake flask culture (50 mL working volume in a 250 mL flask inoculated
from a single colony) to a l%v/v level. This approach was used in order to mimic the
inoculation of a fermenter.
2.1.6.2 Batch Fermentations.
Batch fermentations have been carried out in several vessels, Table 2.1-1 shows the actual
vessel volume, and the standard working volume used.
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Vessel ID

Manufacturer

Vessel Volume (L)

Working Voiume(L)

CH14L01

Chemap

14

8-10

CH14L02

Chemap

14

8-10

CH7L01

Chemap

7

5

LH42L01

LH

42

30

LH42L02

LH

42

30

LH20L01

LH

20

15

LH20Lhi-cat

LH

20

15

CH450L

Chemap

450

300

Table 2.1-1 Fermentation vessels used in the study.
The required volume of medium was made up (adding the masses of medium components
required for the intended working volume to R.O. water which was then made up to a
volume equivalent to the working volume minus the volume of the inoculum, and any other
necessary additions (e.g. the glycerol and carbon source).

The defined medium was

sterilised for 20 minutes at 121°C, and the complex medium for 30 minutes. In order to
reduced the level of foaming during sterilisation and fermentation it was normal practice to
add PPG (BDH 2025) antifoam to the medium prior to sterilisation (final concentration 1
m L L -l).

At the appropriate time the sterile medium was inoculated with the shake flask inoculum.
For TBK fermentations a 12 hour TBK culture was used at l%v/v, and defined medium
fermentations were inoculated with 23 hour shake flask defined medium cultures at 10%v/v.

All fermentations were controlled to give a temperature of 37°C. pH was maintained at 7
using 4M NaOH and also with 2M H 2 SO4 in the complex medium fermentations. If there
was excessive foaming sterile antifoam would also be added (by manual injection in the
Chemap 7 and 14 L fermenters and in LH42L01 and LH20L02, in the other fermenters PPG
addition was under the control of a foam probe, and a 10% PPGv/v solution was used).
2.1.6.3 Fed-batch fermentations.
The fed-batch fermentations reported here were carried out whilst the fermentation protocol
was still under development, leading to some variation in the methodology between
fermentations. However, in the finalised protocol for use in the 14L Chemap vessels started
with 5 L of glycerol-free defined medium in the vessel. The inoculum was 500 mL of 23
hour old cells (cultured on defined medium), and feeding of the 250 g L“1 glycerol feed was
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started immediately after inoculation.

The glycerol feed-rate was controlled using the

Lab VIEW (National Instruments) fed-batch system as detailed in Gregory et al. (1994).
When an OD500 of 30 was reached feeding was switched to the mixed feed.
2.2 Analytical techniques.
2.2.1 Fractionation Procedure for analytical measurements.
This procedure was employed to measure the levels of a-amylase in the cell through
fermentations, and also in part on samples from downstream processing trials. It is the
technique developed by French (1993).

ImL aliquots of whole cell samples from fermentations and downstream processing trials
were treated using the whole protocol. Where a downstream processing trial was performed
on cell spheroplasts, 1 mL aliquots of the samples were spun and sonicated as described
below in 1 mL of Tris-HCl to allow determination of the cell associated protein and enzyme
levels.

ImL of whole cell sample was spun in an Eppendorf centrifuge (Heraeus Sepatech Biofuge
13) at lOOOOrpm, the supernatant was retained as the extracellular fraction. The cell pellet
was resuspended in 200 pL of fractionation buffer (20 %w/v sucrose, 1 mM Na 2 EDTA and
500 pg mL"l chicken egg white lysozyme), and statically incubated at room temperature for
10 minutes. 200 pL of distilled H 2 O was then added, and the sample left for a further 10
minutes at room temperature. In cases where the cell pellet was very large (OD^OO of
sample >30), the volume of fractionation Luffer and water added was increased to 500 pL.
The sample was then spun in an Eppendorf centrifuge at 10000 rpm and the supernatant was
kept as the periplasmic fraction. Finally, the cell associated a-amylase was released by resuspending the pellet in 1 mL of 50 mM Tris HCl and sonicating the suspension for 30 s at
amplitude microns (MSE Soniprep sonicator, with exponential microprobe 3 mm).

8

The

soluble cell associated proteins were then recovered as the supernatant after a final spin in
the microcentrifuge.

Assay results were adjusted where necessary to account for the

changes in total volume during the fractionation procedure, so that all activities were per
mL original culture.
2.2.2 a-amylase assay.
The time dependent breakdown of starch by a-amylase is used as a basis for this test. The
activity is measured by the rate of decrease in a coloured starch/l2 complex. The procedure
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is a modified version of that used by Blanchin-Roland and Masson (1989). The test relies
on the colour change of an ^2^

solution in the presence of starch. Initially, when the

concentration of starch in the reaction mixture is high there is a significant colour change
(yellow to blue/black) when a sample of the mixture is added to the I 2 /KI stop solution (see
below). As time progresses the amount if starch present in the reaction mixture is reduced
and so the colour change in the stop solution becomes less significant, until eventually there
is no noticeable change. The basis of the test is to take timed samples out of a reaction
mixture (a known dilution of the a-amylase containing material mixed with a standard
starch solution) and to measure the absorbency of the resulting complex when this sample is
mixed into the stop solution.

Initially, the assay was carried out using the procedure of French (1993), where 15 piL
aliquots of the reaction mixture were added to 1 mL of the stop solution in a cuvette, and the
A620 measured.

This procedure was time-consuming when downstream processing

samples were being assayed. In an ideal situation, a microfiltration trial would produce ~90
samples. This would mean ~8 hours of assaying would be required to obtain a-amylase
activities on each sample once. This lead to the re-development of the assay by Turner
(1994) using microtitre plates, significantly reducing the amount of time required to process
samples from a fermentation trial.

In an ideal situation samples could be processed in

duplicate in less than 4 hours. The reproducibility of the assay was also seen to be increased
so that the spread of replicates reduced from «10% of the mean to «5%.

A series of stop solution plates were prepared by pipetting 300 pL of

stop solution

(prepared by adding 2 mL of a 2.2 %(w/v) 12/4.4 %(w/v) KI stock solution to 1 L of a
20 g L-1 aqueous solution of KI) into the wells. A microtitre plate with rows containing a
volume, V, of sample was incubated at 50^C with 15 mM sodium phosphate pH 5.8 buffer
to bring the final volume to 150 pL. 150 pL of starch solution (0.5 %(w/v) soluble starch in
15 mM pH 5.8 sodium phosphate buffer, heated until boiling and then filtered with a
Whatman No. 1 paper) was added to the sample row and mixed in by repeat pipetting
(time=0). At time intervals of 0.5 min, 1 min, 2.5 min, 5 min, 7.5 min, 10 min, 12.5min,
and 15 min, 15 pL aliquots of the reaction mix were pipetted into a row of the stop solution.
The aliquot was mixed in by repeat pipetting. At the end of the sampling period the
absorbencies (620 nm) were measured using the plate reader system (Dynatech MR7000).
The a-amylase activity was calculated from the gradient, g, of the A^20

time plot.

Activity was expressed as an activity per mL of original sample (g/V units mL"l). It was
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necessary to introduce a further volume correction factor to allow comparison of data
collected using the 1 mL assay with the microtitre assay data.
2.2.3 Total Protein measurements.
2.2.3.1 Bradford Assay method.
The assay used is a version of the Bradford (1976) assay using BIO-RAD dye reagent and a
BSA protein as the standard. The assay can be carried out at two scales. Initially the ImL
scale assay was used, however, when a plate reader became available, the assays were
carried out using microtitre plates.
ImL scale assay.
Dilutions of BSA (2 mg mL"l solution NO 23209 Pierce Warriner, UK) in the range 0 to 1
mg mL"l were prepared. 20 pL of the dilution were added to 1 mL of the pre-diluted dye
reagent (reagent diluted 1 vol into 4 vol). The colour was left to develop for 10 minutes and
the A 5 9 5 measured against a blank of 20 pL water in 1 mL pre-diluted assay reagent. A
standard curve of A 5 9 5 vs Standard Protein concentration was then be obtained. A suitable
dilution of the sample was made and 20 pL added to 1 mL of the pre-diluted reagent (as
before) the A 5 9 5 was measured, and the equivalent concentration of the standard protein
calculated from the standard curve.
Microtitre plate assay.
A standard curve was obtained using BSA in a concentration range of 1-25 pg mL"^. 50 pL
of undiluted dye reagent were added to 200 pL of the standard solution, A 5 9 5 of the
developed mixtures was measured against a blank of 200 pL distilled H 2 O and 50 pL of
undiluted dye reagent. Appropriate dilutions of the samples were made, and 200 pL of
these were used to measure the equivalent protein levels in the samples.
2.2.3.2 BCA (Bicinchoninic acid) assay measurement.
The standard microtitre plate assay Pierce-BCA was followed, as prescribed in Kit No.
23225 from Pierce Warriner (UK).
2.2.4 Dry cell weight determination.
2.2.4.1 Optical density.
The biomass of samples from fermentations was estimated rapidly by spectrometry. The
absorbance of a suitable dilution of the sample was measured at 600 nm using water as a
blank (samples were diluted so that the measured OD was < 0.8, then Beer’s Law applied).
A Kontron Uvikon Model 622 spectrometer was used in the majority of the fermentations.
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2.2.4.2 Low cell density samples.
Between 1 and 10 mL of the sample was filtered through to a pre-weighed 0.2 pm filter
(Millipore Type GVWP), the filter was then washed with 5 mL of water, and then dried at
105°C for 24 hours before re-weighing.
2.2.4.3 High cell density samples.
Samples from downstream processing were often too numerous, and too highly concentrated
for dry cell weight determination by filtration. Instead, 1 mL of the sample was spun in a
pre-weighed Eppendorf (at 13000 rpm for 15 minutes) the supernatant was then discarded.
Whole cell samples were resuspended in distilled H2 O and re-spun to rinse off extracellular
protein. Cell spheroplast samples were not washed, as the cell pellet may release additional
material because of potential osmotic in-balances. Cell pellets were then dried for 24 hours
at 105<^C and then re-weighed.
2.2.5 Plasmid stability measurement.
Fermentation samples were processed to obtain plasmid stability data in two ways. The
‘drop’ technique was used in shake flask fermentation trials where many tests were
required, as the procedure reduced the amount of materials required, and the time taken to
obtain the result. The ‘whole plate’ technique provides a more reliable figure, but was only
used on samples from batch and fed-batch fermentations, which were assayed less often.
2.2.5.1 The drop technique.
100 \xL sample of the broth was aseptically pipetted into 900 pL of sterile quarter strength
Ringers solution (OXOID/Unipath BR48).

Serial dilution was continued by aseptically

pipetting 100 pL sample of the previous dilution into 900 pL of sterile quarter strength
Ringers solution. Three 10 pL drops of each dilution were pipetted onto both NAS and
NASK plates. When the drops had dried the plates were transferred to a 37°C incubator,
where they were incubated until the colonies were visible and could be counted.

The

plasmid stability was determined as the ratio of the average number of cells per mL on the
NASK plate to the number of cells per mL on the NAS plate. In order to maintain the
statistical significance of the results, the counts included in the average were kept in the
range 10-50 cells.
2.2.5.2 The ‘whole plate’ technique.
Here the sample was serially diluted into sterile universals of 0.7 %(w/v) saline, dilutions
were made to a maximum of 10-9. jq O pL of an appropriate dilution was then aseptically
pipetted onto an agar plate. The liquid was spread over the plate using a flamed glass
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spreader until there was no liquid visible on the surface. The plate was then incubated at 37
OC for 24 hours, or until the colonies were countable. Two or three dilutions were plated
out in duplicate on both NAS and NASK plates, thus allowing the dilution in which 30-100
colonies were produced to be used to provide a statistically significant measure of the cell
count. The plasmid stability was, once again represented as the ratio of the number of cell
per mL grown on the NASK (i.e. plasmid containing cells) to the number of cells per mL
growing on the NAS plate.
2.3 Feed preparation for cell spheroplast studies.
The method of French (1993) was used to prepare large quantities of cell spheroplasts. The
cells were first recovered from the broth using either the tubular bowl (Sharpies IP) (for
broth volumes up to 10 L), or multichamber (KDD) centrifuge (for larger volumes of broth,
upto 50 L) and the large tubular bowl or disk stack centrifuge for volumes larger than 50 L.
The cells were then resuspended in an osmotic shock buffer (20%w/v sucrose, 1 mM
Na 2 EDTA and upto 500 pg mL‘ 1 lysozyme). The volume of osmotic shock buffer used for
re-suspension varied from run to run, as did the lysozyme concentration used.

This

information is tabulated in Appendix 2, along with data on the properties of the resulting
spheroplast suspensions.

The resuspension volume was varied to allow variation in the cell density of the feed
stream, as there was insufficient membrane area available to significantly increase the cell
concentration in a reasonable length of time during a microfiltration trial. The variation in
lysozyme concentration was due to data obtained by Pierce (1994-1995) which showed that
the concentrations used by French were in excess of the required amount to obtain
maximum a-am ylase release. The expense of the lysozyme, and its role as a contaminant
meant that these data were taken into account, and the amount of lysozyme was adjusted,
according to the cell mass requiring treatment. The final protocol used 2.83 mg of lysozyme
per g d.c.w. of cells.

Data collected on the performance of the various centrifuges is included in Chapter 9, where
the process flowsheet for the recovery of periplasmic proteins is discussed in more detail.
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2.4 Downstream processing.
2.4.1 Microfiltration.
The majority of microfiltration trials were performed using a small pilot-scale
microfiltration rig. A larger pilot-scale rig was also available towards the end of the project,
allowing for some investigation of the issues involved with scale-up from the small test
system to a membrane configuration which was commonly used as the smallest scale in
industry.
2.4.1.1 Equipment.
Small Pilot-scale microfiltration Rig.
This rig was originally designed by Bio-Design in 1990. It has been extensively modified
and upgraded since then.

The main design requirement for the system was to ensure that the flow of the retentate
through the membrane was well developed, and that entry and exit effects were kept to a
minimum. The runs were carried out in stages, in cases where the concentration was kept
‘constant’ during the trial it was important that the membrane area was not too large, as then
a significant volume of permeate would be removed, and there would be a significant
increase in the retentate concentration (see Appendix 4).

The membranes selected for the system were ceramic membranes, which exhibited a high
degree of chemical stability, were steam sterilisable, and also had a high mechanical
strength and rigidity, making them suitable for use in a system where flow management
techniques were going to be used to improve membrane performance. A small ceramic
module of 0.0055 m^ area was selected. The original system was fitted with

6

mm internal

diameter Fairey Tecramics membranes of 0.265 m length.

Once the membranes had been selected the piping and instrumentation were designed.

6

mm i.d. pipework was used to reduce entry and exit effects, and the membranes were held in
place in the module housing with a simple sealing system where a PTFE sealing disc was
tightened onto the membrane.

As most of the materials that were to be used in the system were expected to be shear
sensitive, pump selection was an important consideration. In this situation lobe or gear
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pumps are the most commonly used as they are also able to effectively handle viscous
streams. Whilst high efficiency with a viscous feed is useful during filtration, this can lead
to problems during cleaning. 1. A Morgen PQ30 gear pump was originally supplied.

The rig was fabricated with cooling available through jacketed sections of pipework, and a
jacketed feed tank which were plumbed into a chilled glycol circuit. Initially the cooling
control was manual, and retentate temperature was measured using the 0-50°C temperature
indicator situated at the module outlet. Flow was measured using a magnetic flowmeter
(Autolux meter (Krohne, Germany).

Inlet pressure was measured using a pressure

transducer (0-20 bar. Model 6100BG-D from Transinstruments (UK)) and pressure gauges
(Wika, UK.) were also situated at the inlet and outlet retentate side, and also on the
permeate line. An oscilloscope could be connected to the pressure transducer to allow
detailed monitoring of the inlet pressure during pulsed filtration experiments. Figure 2.4-1
shows the original rig layout.
■©

Permeate

To drain

Figure 2.4-1 Original small pilot-scale rig layout. The membrane was situated in module
A, and there was a bypass loop in parallel with the membrane. The fe ed tank (FT) has a
capacity o f ~8 Litres. P p ^ w a s controlled by adjusting the Saunders valve (BP) on the
retentate return line. The temperature gauge (T)

tapped o ff the retentate return line.

Pressure gauges are numbered 1-3. A pressure transducer was also fitted at position 1.

1 A higher crossflow velocity w ill be seen with a gear pump as the feed viscosity increases, as the amount o f
back-flow through the pump w ill be reduced, and so the pumping efficiency w ill rise. A s a general rule
cleaning was always carried out at a higher crossflow than had been used in the experiments. The shear rate
during cleaning would then be higher than that experienced during operation so that the fouling material was
more likely to be removed by the crossflow . If the maximum pump speed had been used during operation (i.e.
when the feed was more viscous) it is unlikely that the shear rates seen during cleaning were higher, and so
cleaning may not be as effective.
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After operation of the rig it was seen that it was necessary to make several alterations and
improvements to overcome problems and limitations inherent in the original design.
The main limitations in the original design were:
• The temperature indicator was situated on a dead-leg and did not read the
temperature of the main flow.
• The manual control of the temperature by adjustment of the glycol flow was
difficult.
• The current layout did not provide for any means of heating during cleaning, and
the transfer of hot caustic was considered to be unsafe.
• The pump could not be altered to give different crossflow conditions, and it was
not possible to control Wq independently of PxM• There was a need to alter the concentration of the feedstream during a trial, and
the membrane in module A had insufficient area to do this in a reasonable
amount of time (only -100 mL h"l could be collected under typical operating
conditions).
The rig was modified to address these problems as follows:
• A thermocouple was fitted to the tank lid.

This was connected to a simple

controller on the glycol feed line to provide on/off control of the glycol flow
(Model MC810 MK2, BDH, UK).
• Provision was made for the connection of an immersion heater to the
temperature controller so that the contents of the feed tank could be heated
during cleaning (Electrothermal ‘Red-Rod’ BD series, BDH, UK).
• A monolithic membrane was placed in parallel with the test module in the
bypass loop (0.06 m^ star shaped module, Fairey Tecramics, UK).

This

membrane was connected into the rig using tri-clamp fittings, so that the bypass
loop could be re-installed as necessary.
• The pump was upgraded to a variable speed carbon vane pump (POlOll,
Bechtech, UK), and a speed controller (Model VS31-YAA from SKF automation
systems, UK) was added to allow independent control of PxM ^nd V q .

The modified rig is shown in Figure 2.4-2.
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© Permeate
Pump

To drain

Figure 2.4-2 Modified small pilot-scale rig, showing the location o f the stellated monolithic
element (Module B) usedfor interstage concentration o f the retentate. Additional pressure
gauges 4-6 were fitted as shown. F =fowm eter, T = temperature gauge, SC = speed
controller.
Pilot-scale microfiltration Rig.
This rig was designed and kindly provided by APV AS (Germany). Initially the design was
specified to allow the recovery of -300 L of permeate in 2-3 hours, and the rig was supplied
with a membrane area of 1.4 m2 to meet this requirement (based on a flux of
lOOLm-2 h-1).

The choice of an air diaphragm pump (DEPA model DL80) meant that in order to achieve
the required range of flowrates for the successful operation and cleaning of the rig head
losses in the pipes had to be reduced by increasing the pipe diameter to an average of 50
mm, and 75 mm in some places. As a guideline a crossflow velocity of - 5 m s"l should be
used in the cleaning of the type of module supplied (Kovâcs, 1993). This dramatically
increased the rig hold-up volume to -100 L, thus limiting the amount of concentration
which could be achieved when the maximum feed volume was 250 L.

In order to obtain a flexible working solution to the problem it was decided to reduce the
membrane area in the rig to 0.2 m2, i.e. only one IP -14 module, and also to reduce the
diameter of as much of the pipework as possible (it was agreed that the instrumentation
should not be changed).

58

Impacts o f separation processes on protein recovery from cells and cell spheroplasts.
Chapter 2. General methods and equipment fo r fermentation and downstream processing.
The original pump in the rig was fitted with a pulsation dampener which worked by
balancing the pump with compressed air.

The operation of this system did not prove

satisfactory during on-site commissioning of the rig, inlet pressure swung from

1 .6

bar

1.8

bar under typical operating conditions, and the pump also appeared to be underperforming
in terms of the flowrate delivered for a certain air supply pressure. The vibrations caused by
the pump also lead to the loosening of the pipe connections, so that they had to be tightened
whilst the rig was running. The pump was replaced with a rotary lobe pump (JABSCO B1
rotary lobe pump, hygienic model), which also proved to be much quieter in operation.

A copy of the P&ID diagram supplied by APV is shown in Appendix 3.
2.4.1.2 Standard procedures for a microfiltration trial.
Measurement of pure water flux.
Before each experiment it was necessary to evaluate the condition of the test membrane.
The flux with R.O. water was used to do this. In the small pilot scale rig this was measured
at 1 bar PjM» with a crossflow rate of 0.12 L s"l (3.1 m s“l) and at 20°C (some
measurements were made at IG^C, but this could be accounted for by adjusting the viscosity
of the permeate accordingly when calculating the membrane resistance), taking the average
flux over a 2 minute collection period. There was always a small element of flux decline as
seen by Fane and Fell (1987) which is why standardised conditions were used to measure
the membrane quality. This average flux was converted to a membrane resistance using
D ’Arcy’s equation (See Appendix 6 ).
Experimental procedure.
Experiments were usually carried out using a range of operating conditions (i.e. PxM ^nd
V(]) during the experiment. This was to allow the maximum amount of data to be collected
from each fermentation.

Where time allowed, the hysteresis effects due to long-term

fouling were estimated by repeating the initial operating conditions at the end of the
experiment.

The experiments were always carried out at 10 OC in order to reduce protease reactions as
much as possible. It was decided to operate at this temperature, rather than a lower one, as
the risk of freezing the membrane needed consideration.

Also the performance of the

system was expected to decrease as the temperature decreased (and permeate viscosity
increased). In most cases the feed for the trials was at ~20 °C following feed preparation.
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and so a period of conditioning was required. During this period the backpressure valve was
fully opened and crossflow was limited to ~

0 .1

m s"^ to minimise shear damage of the feed.

Once the required temperature had been reached the operating conditions were adjusted
using the backpressure valve and speed controller and the flux recorder was started. The
permeate valve was gradually opened over the first 2-3 minutes of operation in an attempt to
prevent the extremely high initial fluxes associated with severe fouling of the membrane.
Once the permeate valve was fully open retentate and permeate samples were taken at 5
minute intervals. Typically a filtration stage would last for 40 minutes, after which the
operating conditions were altered as required for the next stage and permeation was then
restarted, or the flow was diverted to the interstage concentration module to allow rapid
concentration of the retentate ready for the next stage. When a trial was being performed in
constant concentration mode, the permeate collected in each stage was returned to the feed
tank at the end of the stage. (See Appendix 4 for analysis of the typical error in the retentate
concentration.)
Evaluation of performance.
Retentate and permeate samples were stored on ice during the filtration trial. Once the trial
had finished, retentate samples were spun to evaluate the dry weight, retaining the
supernatant for protein and a-amylase assays, the cell associated fraction was obtained by
sonication of cell pellets.

All samples were stored at 4

overnight for assaying the

following morning. All samples were assayed for a-amylase activity and also for total
protein quantification.

Transmission was taken as the ratio of the protein (or a-amylase) concentration in each
permeate sample with the average retentate protein (a-amylase) concentration during the
appropriate filtration stage (in constant concentration trials, the average retentate value over
the whole trial was used).

The permeate flowrate (g s"l) was recorded by the balance recorder, and this was readily
converted to a flux (m^ m"^ s"^, i.e. m s"l) by taking into account the membrane area. No
adjustment was made for the density of the permeate, which was taken to be that of water.
The error associated with this was thought to be no greater than 3 %, based on density data
for sucrose solutions, and on density measurements made in some trials.
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Cleaning Procedures.
Following a trial the rig was rinsed several times with R.O. water at maximum Wq with no
backpressure until the circulating water contained no solids (by visual assessment). The
fouled membrane flux was then measured in the same way as the pure water flux at the
beginning of the experiment.

The rig was then filled with cleaning solution. In initial trials 0.5 % v/v of a caustic liquid
cleaner (2001, Modular Systems Hygiene Services) was used. In later trials a 1 % w/v
NaOH solution was used, and in the final cleaning protocol 1 % w/v Ultrasil 41 was used
(Henkel, UK). This solution was circulated round the rig, and allowed to permeate through
the membrane(s) used in the experiment. The rig was then left for cleaning on the following
day.

As the cleaning protocols were developed, it was seen that cleaning at higher temperatures
increased the effectiveness of the cleaning step. A final cleaning temperature of 55

was

used, as this meant that better cleaning was seen, whilst a higher temperature could have
been used it was thought that the additional time required to heat the caustic made this less
favourable. A maximum N q and no backpressure were also used during cleaning. The hot
solution was circulated under these conditions through each membrane used in turn, first for
45 minutes without permeation, and then for a further 45 minutes with a very low
permeation rate (~1 mL s“l) through the small module. Once the membranes had been
cleaned the heating was switched off ancTthe caustic cooled before being rinsed from the
membrane with R.O. water.

Repeated rinses with R.O. water were performed until the

retentate and permeate were at the same pH as the R.O. water, usually ~5. The pure water
flux was then re-measured.
2.4.2 Centrifugation.
The majority of the centrifugation carried out in the project used whole cells from the
fermenter.

The cells were being recovered from the spent fermentation broth to allow

preparation of the spheroplast suspension by osmotic shock.

However, some additional

centrifugation trials were also performed with spheroplast suspensions to allow the
performance of various centrifuges to be compared with microfiltration.

The main

parameter used in centrifugation when comparing different centrifuges is the equivalent
separating area (L) as has already been described in Chapter 1. Details of the E calculations
for the different centrifuges are included in Appendix 5.
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Tubular Bowl Centrifuges.
Two models of tubular bowl have been used, a small tubular bowl (model IP Sharpies, UK)
for up to 20 L of broth or a larger tubular bowl (Model AS26, Sharpies, UK) which was
used to harvest 200 L of broth. Tubular bowl machines are batch type centrifuges, with no
means of solids discharge during operation. Two essentially identical IP centrifuges were
available, these were operated at 45000 rpm giving 60000 G. Cooling of the bowl was
available so that the temperature could be maintained at 5 °C. Broth was pumped into the
centrifuge using variable speed peristaltic pumps, the speed was usually altered during
operation to provide maximum solids recovery.

When the feed had a particularly high

solids content it was necessary to perform the centrifugation in several stages, replacing the
acetate sheet used to collect solids when clarification was no longer being seen.
Multichamber Centrifuge.
The Westfalia multichamber centrifuge was also used as a lower shear alternative to the
tubular bowl centrifuges, this is another batch type centrifuge with no solids discharging.
Typically 30 L of broth could be harvested using this centrifuge in under an hour. The
centrifuge was operated at 9500 G using a variable speed peristaltic pump to feed in the
broth. Typically this would be operated at ~34 L h"^, but this feedrate was often altered
during harvesting so that maximum clarification was achieved. No cooling was available on
this centrifuge, and the bowl heated significantly during operation, whilst there was no
direct evidence of protein dénaturation during processing, it is thought that the cells may
have been weakened by the heating.

The main drawback with this centrifuge was the

amount of time required to remove the cells from the individual chambers after
centrifugation.
Disk-stack centrifuges.
Westfalia SAOOH and CSA -8 disk stack centrifuges have also been used. These were the
only centrifuges available which had a solids discharge facility. However, a tubular bowl
centrifuge fitted with a discharging facility has recently become available. The SAOOH
centrifuges have been used to process up to 50 L of broth, and up to 300 L of broth have
been processed with the CSA - 8 centrifuge.

Operation of the SAOOH has been in both full-stack and in scale-down mode (See Chapter
9), and operating conditions were varied in a study to assess the best operating strategy. A
similar study was also performed using the CSA -8 centrifuge.

(See Chapter 9 for full

details.)
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3.

Selection of the experimental system and fermentation development.

This chapter aims to illustrate the approach taken in developing the experimental system
used in the study. It consists essentially of two parts: an initial (qualitative) evaluation of
the various microbial systems which were available for study, and then a detailed report and
discussion of the issues associated with the system chosen.

The preferred experimental system was chosen by considering both the aims of the project
and the practical factors associated with a study which involved both fermentation and
downstream processing.

The microbial system had to exhibit the following features in order to meet the aims of the
project:
• ability to measure protein transmission through the membrane, preferably using
a ‘target’ or product protein, rather than a simple total protein measurement,
allowing information more relevant to a biochemical process to be obtained
• ability to measure the degree of cell breakage (cell integrity)
• ability to measure cell viability, in a case where the cells were the product
• compatibility of the fermentation with current industrial practice
As both fermentation and downstream processing would be required for each experiment it
was recognised that the fermentation step would have to yield a feed of a reproducible and
easily assessed quality relatively quickly. Whilst it would not have been impossible to use a
slow growing microrganism, this would have resulted in a disproportionate amount of the
experimental time being spent on the fermentation stage of what is essentially a downstream
processing study.
3.1 Available microbial systems.
Four potential microbial systems were identified.

The benefits of each system will be

discussed in the following sections.
3.1.1 g - amylase producing E. coli.
A series of genetically engineered E. coli K12 strains were available. The plasmid added to
the cells encoded for the production of a periplasmic a-amylase, originally cloned from
Streptomyces thermoviolaceus (Bahri and Ward, 1990 and French, 1993).

There was

evidence that the different strains used as hosts presented different distribution patterns of
the a-amylase; differing proportions of the total product being present closely bound to the
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cellular material (cell associated), in the periplasm of the cell, and in the growth media
(extracellular) (French 1993).

The permeability of the outer cell membrane, the limited capacity of the cell periplasm for
the heterologous protein, and also the lysis of a proportion of the cell population during the
fermentation were thought to cause the extracellular amylase activity. The genetics of the
system were not targeted specifically for the secretion of the a-amylase into the
extracellular medium. Similarly, any a-amylase present in the cytoplasmic compartment of
the cell should be inactive, as the protein is produced with a terminal signal peptide which is
cleaved when the protein passes across the cytoplasmic-periplasmic membrane. Only the
cleaved form of the protein is active. Any a-amylase which is detected in the remains of
the cell after the selective release of the periplasmic material is thought to have been either
held in the complex peptidoglycan structure of the periplasm, or associated with the cell
membranes, as it must have passed across the periplasmic membrane.

If the assay used to quantify the a-amylase can be made sensitive enough it would be
possible to identify cell breakage by looking solely at changes in the amylase titre. If,
however, this is not possible there are many other well-developed assay techniques available
for measuring intracellular E. coli enzymes. Finally, the cells contain antibiotic resistance,
as well as having the ability to produce a-amylase. This should mean that it would be
possible to detect for losses of containment using selective agar plates.

The cell and product recovery process using this microbial system will potentially allow for
two separate downstream processing studies. The first is on untreated cells which are being
recovered from the fermentation broth, and the second is on cells which have been
resuspended in a lysozyme-EDTA-sucrose treatment buffer which causes the a-amylase,
and other periplasmic proteins to be selectively released (i.e. with minimal release of
cytoplasmic material) into the liquid phase.
3.1.2 Other alternative systems.
A Lactobacillus strain which grew anaerobically at 42°C under acidic conditions producing
cells as chains which can be broken very easily. The ease of chain breakage may lead to
problems when assessing cell viability by counting methods. Work has shown that it is
possible to detect loss of containment from a disk stack centrifuge using this system (Tinnes
and Hoare, 1992). There is no heterologous protein production in the strain available, a
marker protein would have to be used to assess the degree of cell breakage, possibly using
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lactose dehydrogenase as a marker enzyme. The cells were thought to be particularly weak,
and so may have had too many processing problems associated with them,

A strain of yeast cells which have been mutated so that the intracellular contents are readily
released at the end of the fermentation was also under development at the start of this
project, but looked to be unsuitable because of problems with the fermentation.

A Pseudomonas putida system was also being used for Biotransformation studies, where the
measurement of cell viability using ATP analysis was also being investigated. There were
still many problems with this approach to measuring viability at the start of the project, and
so viability would have to have been measured by the plate count method. The heterologous
protein produced by the cells can be detected by measuring the ability of the cells to
perform the biotransformation of fluorobenzene to fluorocatechol, this is the measure of the
product quality, but it is not a particularly rapid method. Thus, unless a suitable marker
protein could be identified system performance could only be measured by the total protein
transmission.

3.1.3

Conclusion of microbial system choice.

The a-amylase producing E. coli was chosen, as it was thought that this system would
provide the most information. This system was also the most industrially relevant, possibly
allowing later development of the studies to another expression system where another
protein or product is being produced.
3.2 Fermentation development.
The periplasmic a-amylase expressing E. coli was originally cloned in the Department of
Biochemistry at UCL (Bahri and Ward, 1990) producing a construct in JM107 E. coli with a
plasmid pQRSOO. Later work (French, 1993) cloned a slightly different plasmid pQR126
into a range of K12 E. coli hosts. French developed a relatively simple and quick method
for fractionation of the E. coli cells during fermentation, and an assay for the subsequent
measurement of the heterologous a-amylase produced. Small pilot-scale complex medium
fermentations were performed, and the fractionation technique scaled to allow the recovery
of the periplasmic product.

Turner (1993) used one of the expression systems developed by French (strain JM107 with
plasmid pQR126) as the test system for the on-line analysis of fermentations. Here the cells
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were grown on a defined medium with galactose as the carbon source.

Galactose was

chosen as the a-amylase gene was under the control of the lac promoter, and the catabolite
repression of the lac operon will be reduced if galactose is used in preference to glucose
(Dawes and Sutherland, 1992).

The methodology of the cloning prevented the use of

lactose as the carbon source, and glucose was known to repress the production of the
heterologous protein.

The work of Turner (1993) and French (1993) provided the basis for the fermentation
development in this project. This required an initial choice between complex and defined
media for the fermentation. In many cases defined media are becoming the industrial norm,
as stricter licensing requirements make these media more attractive. The issues involved in
the choice between complex and defined medium are addressed in more detail in Table 3.21. Whilst many of the features described in the table are not of direct relevance to this
project, they do have an impact on the industrial relevance of the fermentation chosen, and
so it was decided that the use of a defined medium in the studies would provide more
suitable data.

The medium used by Turner needed altering so that galactose could be replaced by a
cheaper carbon source.

Glycerol and fructose were identified as readily available

alternatives. A series of shake flask trials were carried out in order to re-design the medium
for use with a cheaper carbon source.
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Factor

Defined medium

Complex medium

Cost

Not dependent on seasonal or climatic

Seasonal and climatic factors alter

factors. Cost optimisation possible -

cost and quality of product.

multicomponent.
Component

Less variation, generally more

If using a by-product from another

quality

controllable, can specify requirements

process, quality may vary due to

more clearly.

changes in that process.

Usually many components, care to

Probably more variation due to

ensure correct medium make-up (use

changes in component quality.

Batch variation

medium concentrate).
Sterilisation

Salt precipitation may require separate

Normally can sterilise the complete

sterilisations: often need to sterilise

medium in place. Insoluble matter in

the carbon source separately.

complex medium components, may
cause sterilisation problems.

Contamination

Not likely - add carbon source

A lot more likely, all necessary

(due to holding)

immediately before inoculation.

components for growth available.

Cell yield

Potentially higher, can develop fed-

Difficult to identify limiting factor, so

batch procedures.

cell yield is often lower.

Fermentation

On-line monitoring techniques easily

Higher protein/amino acid content

monitoring

applied (HPLC etc.)

make monitoring complex.

Fermentation

Prediction is generally possible using

Growth information more difficult to

predictability

standard models.

obtain to allow prediction.

Microfiltration

Only fermentation by-products, no

Contains more potential foulants.

feed

‘unnecessary’ foulants.

Product quality

Gives a ‘cleaner’ product.

May contain contaminating material
difficult to remove from the product.

Product stability

May have lower stability, cells may

Probably more stable, some evidence

utilise the heterologous product when

that less of a periplasmically located

other sources of a limiting component

heterologous protein is leaked into the

are depleted.

medium. (Harrison et al, 1996)

Table 3.2-1 Defined medium versus complex medium.
3.2.1 Medium and strain selection trials.
3.2.1.1 Methodology.
In these trials a series of media alternatives were investigated at high and low carbon source
levels. A complex medium was also used to allow comparison of the production levels with
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those seen by French (1993). The defined medium was used with galactose (gal), glycerol
(gly) or fructose (fru) as the carbon source, at either 4 g L"1 or 30 g L"1 (the details of the
media composition and suppliers is included in Chapter 2). The complex medium chosen
was Oxoid Nutrient Broth No2 (NB2). Shake flask cultures were used for the investigation.
A 500 mL working volume was used in 2 L unbaffled flasks, using whole plates for
inoculation (full details are given in Chapter 2). Transfer was initially carried out using the
sterile carbon source/MgS0 4 solution. The 4 g L"^ trials were repeated, performing the
inoculation transfer using whole broth.
3.2.1.2 Results of preliminary shake flask trials.
From the results shown in Table 3.2-2 it can be seen that the growth and a-amylase
production was low in all flasks except the NB2 flask. It was expected that each of the
carbon sources would have a biomass yield coefficient o f -0.5, and so the 4 g L"1 of carbon
source would be 2 g L"l, which approximates to an OD 5 0 0 reading of -4. The 40 hour
samples were serially diluted for plasmid stability assessment. The plasmid stability for
NB2 was 50%. The other cultures showed little or no growth on the plates containing
kanamycin. Thus there was no growth of the required strain on defined medium, the cells
which did grow appeared to have lost the plasmid. It was thought that the problems with the
growth on defined media could have been associated with the method of inoculation where
the use of the sugar solution for transfer could have osmotically damaged the cells. The 4 g
L'^ trials above were repeated using whole sterile medium, the results are shown in Table
3.2-3. The degree of growth was increased by altering the inoculation method, however the
a-amylase yield remained low with all cultures except the complex NB2 medium.
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Time

15 hours

Media used

ODgoo

40 hours

a-amylase (U mL ')
ex

PP

CDgoo

a-amylase (U mL ')
ex

PP

def 4g L"' gal

0.081

0.27

0.09

1.248

nd

nd

def 4g L ' gly

0.077

nd

0.03

1.84

nd

nd

def 4 g L '‘ fru

0.365

nd

0.04

4.56

nd

nd

def 30 g L ' gal

ng

na

na

2.712

nd

nd

def 30 g L ' gly

ng

na

na

2.608

nd

nd

def 30 g L‘‘ fru

ng

na

na

1.976

nd

nd

NB2

3.568

0.49

4.83

3.184

1.00

6.87

Table 3.2-2 Growth and a-amylase production fo r strain JM107 pQR126 on defined (d ef
with galactose (gal), glycerol (gly) or fructose (fru), and complex (NB2)media. ng=no
growth, na=not assayed, nd—none detected, a-amylase production was measured as the
extracellular (ex) and periplasmic (pp) fractions.
16 hours

Time
Media used

CDgoo

a-amylase (U mL ')
ex

PP

plasmid stability

def 4g L"' gal

0.23

0.26

0.12

40%

def 4g L"' gly

0.28

nd

0.04

63%

def 4 g L'' fru

0.5

nd

0.03

85%

NB2

3.71

0.46

9.2

97%

Table 3.2-3 Growth and a-amylase production fo r strain JM107 pQR126 on defined (d ef
with galactose (gal), glycerol (gly) or fructose (fru) and complex (NB2)media (whole broth
inoculation method), a-amylase production was measured as the extracellular (ex) and
periplasmic (pp) fractions.
3.2.1.3 Conclusions on preliminary shake flask trials for medium selection.
Low levels of a-amylase and biomass production in the defined medium flasks, even with
galactose as the carbon source suggested that there was a problem with the strain which had
been obtained from the Biochemistry Department at UCL. On other occasions it has been
noted that repeated sub-culturing of recombinant JM107 cells on complex medium agar
plates led to the cells losing their ability to produce pro line, and so they are unable to grow
on a defined medium (Regan, 1993).

Consequently, fresh stocks of the strains were

obtained from Biochemistry for re-assessment (Uchida, 1994). At the same time as this
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work was being carried out, work continued with cells grown on the complex ‘TBK’
medium (Tartof and Hobbs, 1987).
3.2.2 Supplementary strain and medium selection trials.
Uchida (1994) carried out a series of trials in shake flasks and in a stirred tank fermenter. A
full series of hosts were investigated using newly constructed pQR126 strains, and also a
pQRlSV plasmid (French, 1994) which contained a cer fragment at PstI, but was in all other
respects identical to plasmid pQR126. This new plasmid was thought to possess a higher
plasmid stability during culturing, thereby allowing the large scale fermentations to be run
without adding kanamycin reducing the health and safety implications of running the
fermentations at a larger scale.
3.2.2.1 Methodology
Shake flask trials were carried out as described in Section 3.2.1.1 with defined medium
using the carbon sources at 30 g L'^.

‘Terrific Broth’ was used as a complex medium

comparison. Stirred tank fermentations were carried out in a Chemap 7 L vessel with 4 L
working volume, operating at 1000 rpm, and with 0.5 v.v.m. airflow and at 37 °C
throughout the fermentation. The fermenter was inoculated at 10 % v/v using a shake flask
seed culture grown overnight on Oxoid Nutrient Broth No2, (as in Section 3.2.1.1). All the
cultures were supplemented with kanamycin at 10 pg mL"l to select for the plasmidcontaining cells.
3.2.2.2 Results of supplementary strain and medium selection trials.
The trial results are summarised in Table 3.2-4 (shake flasks) and. Table 3.2-5 (stirred tank
trials). Only the complex medium supported a-amylase production. Stirred tank trials were
performed using 30g L'^ glycerol as the carbon source to allow strain-strain comparison, as
no comparison could be made using shake flask cultures.
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Total a-amylase activity (U mL ')

Host and Plasmid
def glu

def fru

def gal

def gly

def sue

TBK

JM107 PQR126

ng

ng

ng

ng

ng

nt

JM107 PQR187

0

0

0

0

0

16

JM83 PQR126

0

0

0

0

0

9

JM83 PQR187

0

0

0

0

0

27

UB1126 PQR126

ng

ng

ng

ng

ng

nt

UB1126pQR187

nt

nt

nt

nt

nt

nt

Table 3.2-4 Results o f supplementary shake fla sk trials fo r strain and medium selection.
Defined (def medium flasks used glucose (glu), fructose (fru), galactose, (gal), glycerol
(gly) or sucrose (sue) as the carbon source, ‘Terrific Broth ’ TBK was used as a complex
medium comparison. ng=no growth, nt=not tested.
a-amylase (U mL ')

Host and Plasmid

ODeoo

Time(h)

Total

ex

PP

ca

JM107 pQR126

30

13(45)

8(27)

9(28)

27.5

24

JM107 PQR187

20

8(38)

4(18)

9(44)

16.2

26

JM83 PQR126

9

6(68)

1(13)

2(19)

7.3

36

JM83 PQR187

4

0.1(2)

2(52)

2(40)

14.4

32

UB1126 PQR126

1

0.3(22)

0.8(67)

0.1(8)

3.5

25

UB1126 PQR187

2

0.5(22)

0.5(22)

1(56)

4.6

24

Table 3.2-5 Results o f supplementary stirred tank fermentation trials fo r strain selection.
The figures in brackets refer to the % o f the total a-amylase level in the extracellular (ex),
periplasmic (pp) and cell associated (ca) fractions. The time shown in the table is the time
at which the maximum total a-amylase level was reached.
The stirred tank fermentation data show that the strains were able to produce a-amylase in
the controlled environment of the fermenter. Subsequently, batch fermentations have been
carried out using defined medium shake flasks to grow the seed. Whilst there was still no
a-amylase produced in these flasks, the plasmid appeared to be retained by the cells, as
measurable levels of a-amylase were seen in during the batch fermentation. The data shows
that the highest production levels are seen with strain/plasmid JM107 pQR126, but that
strain/plasmid combination JM83 pQR187 retains a higher proportion of the a-amylase in
the periplasm.
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3.2.2.3 Conclusions of the supplementary strain and medium selection trials.
The defined medium shake flasks did not lead to the production of measurable levels of aamylase. However, when trials were carried out in stirred-tanks optimal production was
achieved with strain JM107 with plasmid pQR126 (the strain and construct used by Turner
(1993)), but proportionally more of the total a-amylase remained periplasmic if strain JM83
was used with plasmid pQR187.

Although a full assessment of the various alternative

media was not completed, glycerol was selected as the carbon source for subsequent batch
fermentations as it was a relatively cheap, and was also low on in the hierarchy of sugars
and carbon sources likely to cause catabolite repression of the lac operon.
3.2.3 Strain selection trials for complex medium fermentations.
In order to allow work to continue whilst the defined medium was being re-designed, and
whilst the necessary re-transformation of the constructs was being performed a series of
fermentations and microfiltration trials were performed using cells grown on complex
(TBK) medium. As a range of strain/plasmid combinations were available, a series of shake
flask trials were performed to select the system which gave the best levels of periplasm ic
production.
3.2.3.1 Methodologv.
300 mL of TBK (see Chapter 2) in 2 L unbaffled shake flasks was inoculated with overnight
culture of the required strain (50 mL of TBK in 250 mL unbaffied flask), to a l%v/v level.
The fermentations were monitored for growth (by OD^QQ), plasmid stability, and a-amylase
activity. The strains were tested in triplicate, making up sufficient media for the flask and
seed cultures in one batch, thus removing any batch to batch variation in the mediumcomposition.
3.2.3.2 Results of complex medium strain selection trials.
All the strains tested produced a-amylase. The total production, degree of cell gro^vth,
plasmid stability and product distribution within the cells are summarised in Table 3.2-6.
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a-amylase (U mL ')

Strain

ODôoo

Plasmid

Total

ex

PP

ca

JM107 PQR126

29.8

3.4(11)

13 (44)

29.8 (45)

10.38

100

JM83 PQR126

46.8

35.8 (76)

11.0(24)

nm

4.32

100

JM107 PQR187

9.8

1.1(11)

4.7 (48)

4.0(41)

5.11

100

JM83 PQR187

48.3

21.0(44)

19.2 (40)

8.1 (17)

4.02

100

Stability

Table 3.2-6 Growth characteristics o f the different a-amylase producing strains on TBK in
shake flask culture. nm=not measured, ex^extracellular, pp=periplasmic, ca=cell
associated, (a-amylase distribution as a Vo o f the total is shown in brackets).
It can be seen in Table 3.2-6 that the highest total a-amylase production in TBK shake flask
culture was seen with strain JM83 pQR187, with the other JM83 construct giving only
slightly less a-amylase production.

Growth, plasmid stability, production, and distribution profiles were plotted for each
strain/construct combination (Figure 3.2-1 and Figure 3.2-2). Both JM83 constructs, and
the JM107 pQR187 construct followed very similar growth profiles. Stationary phase began
around ten hours into the fermentation, and after this the ODgoO ^Gvel fell slightly,
indicating that some of the cell population experienced lysis. The JM107 pQR126 strain
entered stationary phase slightly later than the other strains, and so the final optical density
measurement obtained with this construct was higher, as a further doubling will have
occurred. The facTthat ODgoO remained high even towards the end of the JM107 pQR126
fermentation could indicate that this construct did not experience the same level of cell lysis
as the other constructs. This is also indicated by the lower percentage of extracellular aamylase seen at the end of the fermentation (as in Table 3.2-6).

The plasmid stability remained high for all of the constructs. There is some evidence that
the JM83 strains maintained a higher level of plasmid stability during shake flask
cultivation on TBK.

73

Impacts o f separation processes on protein recovery from cells and cell spheroplasts.
Chapter 3. Selection o f the experimental system and fermentation development.
100-,
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60420-
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Figure 3.2-1 Strain evaluation in shake flasks - cell growth and plasmid stability
profiles. -----

JM 107pQ R 126;------JM107pQR187; ........... JM83 pQR126;

JM83 pQR187. The initial value at t=0 was measured in the seed culture.
The overall production by the two JM107 constructs is consistently lower than that from
JM83 constructs, with the pQR187 construct being the worst overall (Figure 3.2-2). Once
the cells had entered stationary phase (after
to rise.

~10

hours) the total a-amylase level continued

This is important when considering how to run the fermentation to produce

downstream processing feeds. There will be a benefit in continuing the fermentation well
into the stationary phase, as the production of a-amylase will continue. This behaviour has
also been seen by French (1993), and is possibly due to the fact that once the cells have
stopped dividing that the plasmid copy number continues to increase (giving higher aamylase titres) as the cells are maintaining themselves.

It was important to consider also the distribution of the a-amylase within the cells. Studies
focused on the recovery of the periplasmic a-amylase from the cell spheroplasts produced
by osmotic shock. This was because microfiltration offered many advantages over the other
alternatives available for processing. Thus, the preferred strain would have a relatively low
level of cell associated or extracellular a-amylase, whilst also having a high enough
periplasmic titre to allow changes in a-amylase levels seen during processing to be
attributed to processing factors, rather than just general ‘assay-error’. Assays performed in
triplicate have been shown to produce a spread which is »5% of the average. Thus, despite
the fact that the two JM107 strains produced a higher proportion of periplasmic a-amylase
the JM83 pQR187 strain was selected for the complex medium-based studies.
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Figure 3.2-2 Strain evaluation in shake flasks - a-amylase production and distribution
profiles. -----

JM 107P Q R 126;------JM107 PQR187; ........... JM83pQR126;
JM83pQR187

3.2.3.3

Conclusions on the choice of strain for complex medium trials.

The plasmid stability and a-amylase results for the strain selection show that the strain and
construct JM83 pQR187 would be the most efficient to use for the downstream processing
experiments where a TBK fermentation is being used to provide the feed. The plasmid
stability is higher for the new pQR187 constructs than for the pQR126.

This was the

expected result, as the construct is documented as producing stable plasmids. The high
plasmid stability of the pQR187 constructs may allow the fermentation to be carried out in
the absence of antibiotic, which would have significantly reduce the risk of operators
becoming sensitised to the antibiotic.
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4. Fermentation.
4.1 Batch fermentation.
The feed for microfiltration studies was initially produced by batch fermentation of strain
JM83 pQR187 on TBK medium. Once the available strains had been re-tested for growth
on defined medium, material was produced by batch fermentation of strain JM107 pQR126
on defined medium with glycerol as the carbon source. (See Chapters 2 and 3 for details).
This Chapter summarises results from both types of batch fermentation.

The fed-batch

fermentations which were used to produce higher cell density feed are also summarised.
4.1.1 Batch fermentations of strain JM83 pQR187 on complex (TBK) medium.
The fermentations were performed using the general methods described in Chapter 2. In
summary, a 12 hour shake flask culture was used for inoculation.

The inoculum

concentration was initially varied to control the time at which the fermentation would
require harvesting, in the final protocol a concentration of 1 %v/v was used.

Growth

conditions were controlled to pH 7 (with 2M H2 SO4 and 4M NaOH feeds), with the
temperature maintained at 37°C. The DOT in the fermenter was maintained above 20% by
manual control of the airflow and stirrer speed as required.
4.1.1.1 Fermentation characteristics.
The growth rate on TBK medium was very high, with no lag following inoculation, and so
oxygen limitation was a serious problem in all the fermentations.

This means that the

biomass levels attained will depend on the vessel used, as oxygen transfer characteristics
alter from vessel to vessel.

The a-amylase production profile for a 30 L fermentation is shown in Figure 4.1-1. It can
be seen from these plots that the total level of a-amylase present in the culture continued to
increase long after the onset of stationary phase (at around

6

hours). The extracellular level

of a-amylase (as a percentage of the total production) did not increase as much as would be
expected if the cells were purely lysing and releasing their contents into the broth. The
proportion of a-amylase located intracellularly remains high, suggesting heterologous
protein production continues into the stationary phase. This is probably because, although
there are insufficient nutrients to allow continued cell division (one or more of the necessary
nutrients may be limiting), there are sufficient levels of the elements required to form more
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protein (typically C, H, N, O and only small levels of S are required). The a-am ylase titre
therefore continues to rise once cell grov\lh has stopped.

Stationary Phase

100-J

80-

S

60-

40^
20-

0

2

4

6

10

12

14

16-

18

20

Time(h)

Figure 4.1-1 30 L TBKfermentation profiles. The upper plot show the total a-amylase
production (^) and the biomass production (as O for OD^qq and • for d.c.w.). The bar
chart shows the percentage o f the total a-amylase produced which is extracellular (black
shading) or intracellular (grey shading).
The intracellular level is the sum o f the periplasmic and cell associated a-am ylase. The cell
associated material is not ‘cytoplasm ic’. As discussed in Chapter 2 the a-am ylase in this
fraction is a-am ylase which remains associated with the cell spheroplasts after osmotic
shock. In general, the proportion o f the a-am ylase which is cell associated reduces towards
the end o f the fermentations, indicating that the osmotic shock is more effective, possibly
due to a reduction in the strength o f the cell walls and the peptidoglycan matrix.
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Run

Scale (L)

OHôoo

d.c.w.

a-amylase U mL ' brotl0

(gL-')

Total

ex

PP

ca

TBl

8 (4.25)

12.6

6.03

14.18

4.7 (33)

1 3 (%

8.2 (58)

TB2

8 (4.25)

5.8

7.72

-

2.7

-

-

TB3

30(1.67)

5.7

27.6

1.5 (5)

18.5 (67)

7.6 (28)

TB4

30(1)

5.7

5.4

21.5

3.4(16)

10.3 (48)

7.8 (36)

TB5

8(1.25)

4.56

2.9

14.9

6.8 (46)

6.8 (46)

1.3(8)

TB6

8(1.25)

5.11

3.4

13.0

7.1 (54)

3.1 (24)

2.8 (22)

TB7

30(1)

-

-

29.8

20.8 (70)

8.4 (28)

0.6 (2)

Table 4.1-1 Properties o f complex medium batch fermentation broths. The figure in
brackets in the 2nd column is the inoculum concentration (% v/v basis). The bracketed
figures in the a-amylase columns show the percentage o f the total production which is
extracellular (ex) periplasmic (pp) or cell associated in the final sample.
It can be seen from the data shown in Table 4.1-1 that the level of cell growth was similar in
all the batch fermentations. However, the levels of a-amylase seen in the cultures varied
quite widely. This variation is perhaps to be expected, as the production will be dependent
on the growth rate and plasmid stability. Batches TB5 and TB6 were run in parallel, and
were inoculated from the same inoculum flask, the closeness in the total level of a-amylase
produced in these two fermentations is indicative of the high level of reproducibility when
care is taken to operate two fermentations in an identical manner.

It is interesting to note that the several batch fermentations on TBK have in general
produced lower levels of a-amylase than were seen in shake flask culture. This trend was
also seen in French’s work (1993), and is thought to be linked to the specific growth rate
which is proportional to the rate of oxygen transfer in the system. In shake flask cultures
the rate of oxygen transfer is low, and the low specific growth rate allows high plasmid copy
numbers to be obtained, leading to higher a-amylase titres.
4.1.1.2 Conclusions on the batch fermentation of JM83 pQRl 87 on TBK.
Each of the fermentations reported in this section showed measurable levels of the required
recombinant protein, and so were successful. There was a degree of batch to batch variation
which could be traced to the variation in inoculum concentration, and also to differences in
the operating conditions from one batch to the next. However, two batches which were run
in parallel (TB5 and TB6) show very close properties, and are indicative of the level of
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reproducibility which is possible when fermentations are operated in an identical manner
(i.e. inoculating from the same seed culture into two identical vessels, and maintaining the
same environmental conditions in the vessels).

In most cases it was not possible to give each fermentation the same operating conditions
profiles, because of specific requirements of each fermentation.

The variable levels of

inoculum used will be one factor but other factors may also be important, such as the
requirement to add additional antifoam in a fermentation when foaming occurred, or a very
high growth rate leading to the need to increase aeration and agitation more frequently.

As complex medium fermentation leads to cell growth and expression of the product some
initial downstream processing studies to be performed whilst the required strains were re
engineered, and so provided useful data on an alternative system. The only real drawback
with these fermentations was the level of cells produced. Cell densities were up to half
those seen in the standard defined medium batch fermentation. As one of the key objectives
at the outset of the project was to investigate the limitations placed on a process by
operating at higher cell densities, work was eventually transferred onto cells produced using
the defined medium fermentation, as this allowed for a greater degree of flexibility.
4.1.2 Batch fermentations of strain JM107 pQR126 on defined medium.
The use of defined a medium for the production of the feed for downstream processing
studies is preferred, the reasons for this have been discussed already in Chapter 3.

The methods used for the culturing are discussed in depth in Chapter 2. In summary a 10%
v/v inoculum of 24^ hour old shake flask cultures^ was used. The fermenter was, once
again, controlled to a temperature of 37°C, with pH 7 being maintained by the controlled
addition of NaOH (4M in 20L fermentations, and 5M in 450L fermentations).
4.1.2.1 Fermentation characteristics.
The growth on defined medium was generally slower than that seen on the TBK medium.
This allowed more reproducible fermentation profiles to be obtained. There was always a

1 Fermentations carried out since the end o f the experimental work for this project have shown that reducing the
inoculum age to 23 hours reduces the lag, and im proves a-am ylase titres.
2 The 450L fermenter was usually inoculated with between 2 and 15 L o f cells from a standard 20L batch
fermentation which was allowed to progress normally until an ODgOO o f ~ 1 5 was reached. At this point the
seed fermenter was crash cooled to prevent nutrient limitation in the seed vessel. The inoculum volum e was
adjusted so that the OD^OO aher inoculation was - 0 .5 so that there would be - 6 doublings, and the
fermentation would last - 1 2 hours.
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significant lag at the start of the fermentation of -8-10 hours. Oxygen limitation was not
such a problem as in the complex medium fermentations; it was only towards the end of the
fermentations that very high air flows (up to 2 v.v.m.) were required. This, however, led to
some operating difficulties, as at this point in the fermentation the extracellular protein
levels were such that foaming was often a problem.

In contrast to the complex medium fermentation, there was no stationary phase with the
defined medium cultures. The medium was designed to allow cell growth until carbon
became the limiting factor. The cells must therefore be harvested rapidly, preferably before
complete depletion of the carbon source, as starvation will lead to cell lysis and so the
population of intact cells passing on to downstream processing would be reduced. This is
important as the aim is to recover the a-amylase product away from contaminating broth
components using a selective osmotic shock procedure.

a-amylase production has been shown to be closely linked to the growth of the cells, and the
growth rate also alters the a-amylase production. Data is not presented in detail here, see
Table 4.1-2 for the properties of the defined medium broths. The issues associated with the
defined medium fermentations are discussed more fully in a collaborative paper (Turner et
al. 1996).

80

Impacts o f separation processes on protein recovery from cells and cell spheroplasts.
Chapter 4. Fermentation.
Run

Scale (L)

ODeoo

(% inoc)

d.c.w.

a-amylase [U mL ' brotl 1)

( g L ')

Total

ex

PP

ca

DBl

13(1)

14.2

4.9

4.7

1.4(29)

1.6(34)

1.7(36)

DB2

15(1)

14.4

6

20.4

5.9(29)

6.4(31)

8.1(40)

DB3

300 (4)

34

12.7

26.1

11.2(43)

7.2 (28)

7.6(29)

DB4

5(1)

35.2

12

nm

nm

nm

nm

DB5

15(1)

nm

10.4

nm

run

nm

nm

DB6

15(1)

nm

9.9

nm

run

run

nm

DB7

15(1)

24.7

nm

76.^ (240

nm

run

DBS

15(1)

25.5

10.1

13.5 (27)

nm

nm

DB9

15(1)

3.7

nm

nm

run

DBl O'

15(1)

23.2

nm

103.3

,95.2

run

run

DBll*

15(1)

25.7

run

51.1

27.7

nm

run

DB12*

15(1)

22.7

run

51.2

27.6(540

nm

nm

DB13*

15(1)

17.1

9.25

2&2

11.7(41)

run

nm

DB14

300 (2)

4.2

14.5

11.83

5.^5 (V^

run

nm

Table 4.1-2 Properties o f defined medium batch fermentation broths. The bracketedfigure
in the column 2 is the inoculum concentration (%v/v) used, the inoculum age was 24 hours,
except runs marked * where a 23 hour inoculum was used. Italicisedfigures are a-amylase
titres obtained with the shortened assay (Brown et al. (1996)^). a-amylase levels are shown
in the individual cellular locations, extracellular (ex), periplasmic (pp), and cell associated
(ca). The bracketedfigures indicate the % o f the total in each location. nm=not measured.
The data presented Table 4.1-2 shows that the biomass production is reproducible, but that,
once again there is significant variation in the level of a-amylase production. In general,
lower a-amylase titres are seen from the 450 L fermentations, this is thought to be due to
the more rapid growth when the inoculum is taken from actively growing cells produced in
a controlled environment;

there is no noticeable lag associated with the 450 L

fermentations.

3 This was the same basic assay as in Chapter 2, but samples were taken at 0.5, 1, 2, 3, 4 and 5 minutes to reduce
the assay time. This lead to a slight overprediction in the a-am ylase level, compared with the standard
procedure. In these trials the total a-am ylase titre was obtained from a hom ogenised sample.
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T h e 20 L b atch e s sh o w less re p roducibility, but the batch -b atc h varia tio n s can all be traced
to sp e cific p ro b le m s en c o u n te re d d u rin g the ferm entations, such as p o o r te m p e r a tu re control
in the se ed incubator, or p o o r pH control.

- ^

2 0 Utre

>— 20 litre
-8— 20 Litre
o — 450 Litre
— 450 Litre
-H— 450 Litre

30
25

20
15
10

5

0
Time(h)

Figure 4.1-2 20 Litre and 450 Litre fermentations on defined medium. 20 L fermentations
ore shown by the squares, and 450 L fermentations by the circles.
4.1.2.2

C o n c lu s io n s on the defin e d m e d iu m ferm en tatio n s o f J M 107 p Q R 126.

O n c e again, th e fe rm e n ta tio n s p ro d u ce d a feed for d o w n s tr e a m p r o c e ssin g studies w h ic h
c o n ta in e d a suitab le level o f th e ta rg e t protein.

In gen eral, the level o f b io m a ss pro d u ctio n w a s m ore r e p ro d u c ib le than th a t seen d u rin g the
c o m p le x m e d iu m ferm en tatio n s, and so the feed also w a s m o re uniform in quality.
w a s still a fairly high d eg re e o f variation in the a - a m y l a s e titre from run to run.

There
T h is
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variation was probably due to differences in the inoculum from run to run; different plasmid
stability and lower biomass, for example. Whilst all operating conditions and procedures
used were kept as consistent as possible it was not possible to assure reproducible aamylase titres.

As the production of the recombinant protein had previously been seen to be dependent on
the specific growth rate, it was considered that the use of a controlled growth rate approach
may lead to more reproducible titres. Consequently a series of developmental trials on fedbatch fermentations were performed, as the specific growth rate could be controlled in these
fermentations.
4.2 Fed-batch fermentations.
The use of a fed-batch fermentation approach was not only considered to be a potential
solution to the problems in batch-batch variation of the a-amylase levels; the production of
feeds with higher cell densities was also necessary to test the limitations of the membrane
processing route fully.

It is worth noting at the outset that the method for the fermentations was being developed
from one trial to the next, and so only the final two trials follow exactly the procedures
outlined in Chapter 2.
4.2.1 Methodology.
The finalised fermentation protocol is detailed in Chapter 2. In summary the fermentations
consisted of two phases, during both of these phases the growth rate was controlled by the
feeding of the carbon source under the control of a Lab VIEW algorithm (Turner and
Gregory, 1993, Gregory et al. 1994). During the first feeding period the cells were fed a
simple glycerol feed, having access to all other necessary components in the medium
initially present in the fermenter. A second feed containing all the nutrients necessary for
growth was started when the OD^QQ reached -30, as then the levels of nutrients other than
carbon would be reaching limitation.
4.2.2 Summary of properties of the fed-batch fermentations.
The properties of the broths at the end of each of the fed-batch fermentations are
summarised in Table 4.2-1.
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Run

OBgoo
set

measured
OBgoo

d.c.w

d.c.w.

a -amylase (U mL ' brc)th)

(gL-')

Total

ex

PP

ca

FBOl

0.2

0.16

0.13

85

31

42

31(74)

6(14)

5 (12)

FB02

0.2

0.14

O.ll

33

23

37

3^0

23 (62)

11(30)

FB03

0.2

0.14

0.14

99

33

51

6(1%

30 (59)

15(29)

FB04

0.1

0.11

0.12

16

6

26

10(38)

8 Q 1)

8(31)

FB05

0.2

0.19

0.20

108

40

89

26.(29)

24 (27)

39 (44)

FB06

0.15

0.15

0.14

77

21

53

7(13)

23 6%)

23 (43)

Table 4.2-1 Properties o f fed-batch fermentation broths. Specific growth rates were
determined from the regression o f time with In(OD^Qo) or ln(d.c.w.). Fermentation FB03
was contaminated by Pseudomonas putida, as one o f the feeds was not properly sterilised.
Fermentations FBOl to FB03 did not progress at the desired growth rate, as the feeding
algorithm had not been adjusted to account for the viscosity of the glycerol feed (an
additional pump calibration was required). Once this calibration had been performed there
was a clear improvement in the correlation between the desired and measured specific
growth rate.

a-amylase production profiles are shown in Figure 4.2-3. It can be seen that the spread in
the data is reduced considerably by the use of a fed-batch approach. There also appears to
be an optimum specific growth rate in the range 0.15 to 0.2 h“l. The specific growth rate is
thought to affect the plasmid copy number, and hence influence the amount of recombinant
protein that can be produced The reason for the reduced a-amylase production at the lower
growth rate of

0.1

h"l is unclear, although it may be a result of a higher cell maintenance

requirement at this lower growth rate. As in the batch fermentations, the production of aamylase appears to be growth related. This data is also plotted in Turner et al. (1996).
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Figure 4.2-3 Comparison o f a-amylase production during fed-batch fermentations.
As has already been said, the fermentation protocol was still under development when these
fermentations were performed. The main fermentation ‘events’ are shown in Table 4.2-2.
Fermentation

Mse, (h ').

Mactual (h )•

Inoculation

Start of

Start of

glycerol

‘mixed’ feed.

feed
FBOl

0.2

0.16

500 mL 12 h

ODeoo = 0.6

OD6oo=30

From start.

OD6oo=30

From start.

ODgoo=30

From start.

None.

From start

ODgoo = 30

From start

ODgoo = 30

culture into 4.5 L.
FB02

0.2

0.14

500 mL 24 h
culture into 4.5 L.

FB03

0.2

0.14

500 mL 24 h
culture into 4.5 L.

FB04

0.1

0.1

600 mL 24 h
culture into 6 L

FB05

0.2

0.2

500 mL 24 h
culture into 5 L

FB06

0.15

0.15

500 mL 24 h
culture into 5 L

Table 4.2-2 Summary offermentation protocols used in fed-batch fermentations. Batches
FB05 and FB06 followed the standard protocol as detailed in Chapter 2. Batch FB04 used
a larger initial volume (inoculum volume scaled accordingly) to account fo r additional
sampling during the longer fermentation.
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4.2.3 Conclusions on fed-batch fermentation development.
A fed-batch protocol was developed which led to fermentations with reproducible aamylase and biomass profiles. In comparison with the two forms of batch fermentation it
appears that the level of reproducibility is better in the fed-batch mode. This mode of
operation is probably better because the controlled growth rate reduces the variation in
plasmid copy number which is seen in batch mode fermentations where the growth rate
varies from run to run.

The controlled specific growth rate does not lead to the same

problems with oxygen limitation.
4.3 Overall conclusions on fermentation data.
Each of the three forms of fermentation produced a degree of batch to batch variation. In
general the variations in a-amylase production were more significant than the changes in
biomass production. Whilst this variation leads to differences in the protein composition of
the spheroplast feeds from one batch to the next, there is really very little option other than
to accept the inherent variation between batches.

The changes in a-amylase titre are likely to be a result of changes in the plasmid stability
from one inoculum to the next. This will be a function of the age of the seed, and the
growth conditions (in sub-optimal growth conditions the cells will concentrate on survival,
rather than production of the heterologous protein). Plasmid copy number will also play a
role.

This is illustrated by the variation in the production profiles for defined medium

fermentations at 20 L and 450 L scale, and also by the data collected at different growth
rates in fed-batch mode.

It is interesting to see that the production profiles for the fed-batch fermentations are
probably the most reproducible. The use of a controlled growth rate is thought to provide a
means by which inoculum variations can be overcome, probably as a result of the cells
being able to keep a consistent copy number from one generation to the next. The apparent
increase in reproducibility of a-amylase production in fed-batch culture is countered by the
increase in the time required to produce the biomass, and also the increase in the
extracellular protein levels, as this may lead to problems in subsequent membrane-based
downstream processing steps.
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Thus, in general terms it would appear that a fermentation where the growth rate was
controlled would lead to feed with more reproducible properties, but considering other timerelated constraints in the present study the use of defined medium batches was continued.

The final cell concentration reached in the fermentation is also a significant factor. Whilst
each of the fermentation types produced adequate levels of a-amylase for analytical
purposes, only the defined medium fermentations produce a suitable final cell
concentration. A high cell mass was required in order to provide a downstream processing
feed which would have sufficiently high cell concentration for operating problems such as
cellular breakage to be identified. The only way of achieving this from a complex medium
culture would have been to perform a larger volume of fermentation, and ‘concentrate’ the
cells at the osmotic shock step by resuspending into a lower volume than 1/5 of the original
culture volume.
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5. Microfiltration of dilute systems: Performance and Modelling.
The microfiltration of spheroplast suspensions produced from defined and complex medium
batch fermentations is discussed in this chapter. These suspensions are considered to be
dilute as they have been produced from batch fermentation broths. See Chapters 2, 3 and 4
for details of the methods used, and the fermentation characteristics. There are two main
sections to the chapter; the first details the performance seen in the various trials, where
different operating conditions were used, and the second section ties together the results
with a view to modelling the data to predict the transmission performance, given a set of
transmembrane pressure (P t m ) &nd crossflow velocity (V c) conditions.
5.1 Assessment of microfiltration performance.
Where the aim of a microfiltration step is to recover a soluble protein, the yield of the step
will be determined by the flux through the membrane and the concentration of the protein in
the permeate (i.e. the transmission).

Therefore, in the trials reported here three main

processing indicators were used to assess performance; the flux, the transmission of the
product compared with the background ‘total’ protein and the retentate soluble protein level.
This final indicator has specific relevance to the design of a processing strategy for the
recovery of a periplasmic product as it is an indicator of cell spheroplast breakage during
processing. Where trials were performed with total permeate recycle, any breakage should
be indicated by an increase in the retentate protein level.
5.2 Methodologv.
Two types of trial were carried out on the dilute feeds. These were ‘constant concentration’
trials where the permeate was regularly returned to the feed tank, and trials where the feed
concentration was varied stepwise using interstage concentration. Each trial consisted of
several processing stages in order to gain as much information possible from each
fermentation batch. The conditions used in each stage were always ordered so that the set
expected to cause the least change in the condition of the membrane and the cells was
carried out first. Where time allowed the conditions in the final filtration stage were set as
close as possible to the initial conditions, so that the degree of hysteresis (irreversible
changes) could be assessed.

In both types of trial the volumes of permeate collected in each 40 minute stage were
considered to be small compared with the volume in the feed vessel, thus the solids
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concentration within each stage was considered to be constant.

Data in Appendix

4

illustrates this point.

In the ‘constant concentration’ runs the P tm was varied from stage to stage within the run.
In the early runs, (Figure 5.3-1 and Figure 5.3-2), it was not possible to adjust the pump
operation to allow control of Wq independently of the PtM -

A speed controller was

subsequently fitted to the rig to overcome this problem.

The trials in which concentration was varied were carried out keeping all other operating
parameters as constant as possible. Concentration was altered during the run by interstage
use of a monolithic membrane of relatively large area which was placed in parallel with the
test membrane. One result of the use of interstage concentration of the retentate was a
stage-wise increase in the retentate protein concentration. This was due to the retention of
protein by the membrane.

The volume of permeate which could be removed in this way was limited by the rig hold-up
of ~2 L. If the volume was reduced air entrainment occurred and the pump did not provide
a constant feed. The range of concentrations which could be assessed using the interstage
concentration technique was therefore controlled by the rig hold-up.

Thus, unless an

artificially concentrated feed was used from the start it would not be possible to reach
higher retentate concentrations. This is why artificially concentrated and fed-batch streams
were also processed, (see Chapter 6 ).
5.3 Results.
5.3.1 Constant concentration trials.
The two trials which used the 0.2 p.m membrane (Figure 5.3-1 and Figure 5.3-2) used the
same sequence of operating conditions, with very similar retentate protein and solid
concentrations.

The cells used in these trials were JM83 pQR187 cells from complex

medium fermentation culture. The fact that the cells used were osmotically treated prior to
microfiltration should offer a degree of standardisation which will allow comparison with
the other data collected with spheroplasts produced from defined medium culture.

The flux levels in stage I of both the trials were very similar. There is very little change in
the flux when the P jM is increased to 4 bar in the first trial (Figure 5.3-1), whereas the flux
almost doubles at the same point in the second trial (Figure 5.3-2). Thus, although the
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amount of flux decline during the second stage in both trials is similar, the steady state flux^
at the end of stage II in the first trial is lower than that seen in the second trial. When the
?TM is decreased again (at the start of the final stage) there is a similar amount of flux
reduction, but as the flux was higher at the end of stage II in the second trial the final flux is
also higher.

If the data for stages I and III are compared, it can be seen that there is a significant loss in
performance between the stages.

The loss in performance is indicative of irreversible

fouling, and compression of the fouling material in earlier stages of the trial. The influence
of ‘membrane history’ on performance is important, and can actually override the
performance changes due to different operating conditions (Dekker and Boom, 1993,
Padilla-Zakour and McLellan, 1993 and Field et al. 1995). It is for this reason that the trials
were always performed so that the conditions expected to lead to the worst performance
were used last in the trial. A similar multi-stage trial methodology was employed by Field
e t a l, 1995.

A factorial design approach would not necessarily have been more effective.

The

membrane history effects may well be higher in some of the trials designed by this
approach. Instead the experiments were designed so that the stages expected to have least
impact on the membrane properties were performed first. An alternative way eliminating
the ‘membrane history’ problem would have been to place another membrane module in
parallel with the present one. One membrane could be used for the first filtration stage, and
then other for the second filtration stage.
Trial

•Iss (x 10

m s-')

Trarismission (°/^o)

1

II

III

I

II

III

Trial I Figure 5.3-1

1.1

0.7

0.3

30(15)

14(4)

14(3)

Trial 2 Figure 5.3-2

1.2

1.1

0.8

-3 5 (1 0 )

-1 3 (3 )

-30 (9)

Table 5.3-1 Steady state fluxes and transmissions fo r 0.2 pm membrane trials on dilute cell
spheroplast streams, a-amylase transmission is shown first with protein transmission in
brackets.
The a-amylase transmission is consistently higher than the total protein transmission. Flux
and transmission performance mirror each other: higher transmissions at the start of the

In this and all subsequent sections the term ‘steady state flu x ’ is taken as being the average o f the last five flux
readings o f each stage. In m ost circumstances the flux has steadied by the end o f the stage.
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trial and a decline in transmission as the flux declines. The protein transmission profiles are
almost identical in the two trials, and the a-amylase transmissions also appear to be of the
same order of magnitude.

It is not possible to comment in detail on the a-amylase

transmission during the second trial because the data is so sparse.

The remaining constant concentration trials were performed using 0.8 pm ceramic
membranes, and the results obtained in these trials are shown in Figure 5.3-3, Figure 5.3-4
and Figure 5.3-5. The second trial (Figure 5.3-4) was carried out on a feed stream which
had a lower solids concentration than in the others, approximately half that in the other runs.
Problems were encountered during the fermentation, which led to a lower cell yield, but as
a-amylase production was high, filtration was carried out.

The retentate protein concentrations are higher in these and all the subsequent trials where
defined medium cultures were used to produce the cells than in the trials where complex
medium cultures were used. This is thought to be because higher amounts of protein release
(and hence cell damage) were seen during the tubular bowl centrifugation of defined
medium cells than during multichamber centrifugation of the complex medium cells.

The steady state fluxes seen in each of 0.8 pm filtration stages are summarised in Table 5.32. Comparing this data with the 0.2 pm membrane data, it can be seen that there is a lower
level of flux for similar solids loadings (trials 3 and 5). The data from trials 3 and 4 on the
0 .8

pm membrane suggest that there is little change in the steady state flux wherrthe PxM is

increased from 1 to 4 or 3 bar respectively. Unfortunately it was not possible to verify this
in the final trial as the fermentation time was extended, and time limitations prevented the
completion of a repeat of Trial 3. It can be seen from the data for trials 3 and 5 that the flux
performance during the initial filtration stage was very similar.
Trial

Trans mission (9<.)

Jss (x 10'^ m s')
I

II

III

I

II

Ill

Trial 3 (Figure 5.3-3)

0.5

0.4

0.3

5(4)

6(3)

5(2)

Trial 4 (Figure 5.3-4)

1.0

1.0

-

11(16)

7(13)

-

Trial 5 (Figure 5.3-5)

0.6

-

13(11)

-

-

Table 5.3-2 Steady state fluxes and transmissions fo r 0.8 pm membrane trials on dilute cell
spheroplast streams, a-amylase transmission is shown first, with the protein transmission
in brackets.
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The transmission performance with the 0.8 pm membrane was also different to the 0.2 pm
trials: the transmissions of a-amylase and protein were much closer in magnitude to those
seen with the tighter nominal pore size membrane.

It is not possible to compare the

magnitudes of the transmission between the various trials, as trials with the same operating
conditions appear to give different transmissions. This is probably due to batch to batch
variations in the feed, and also due to changes in the membrane properties. The first 0.8 pm
trial (Figure 5.3-3) showed much lower transmission performance than had been seen with
the 0.2 pm membrane, whereas the third trial (Figure 5.3-5) showed protein transmission
levels which are only slightly less than was seen with the 0.2 pm membrane.

These

differences cannot readily be explained as the gross feed characteristics appear to be similar
(i.e. similar protein levels and solids contents, but possibly different proportions of various
proteins were present).

In general there is a slight increase in the transmission performance when changing from
one filtration stage to the next. This is probably due to the fact that the polarised material at
the membrane wall is forced through the membrane when the operating conditions are
altered and the flux increases.

In all of the constant concentration runs (Figure 5.3-1-Figure 5.3-5) it can be seen that the
retentate protein concentration remained essentially constant, thus indicating that there is no
release of additional soluble proteins during filtration.

Once again, the performance was lower when the same operating conditions were used at
the end of the trial as at the beginning (i.e. hysteresis). This would be expected to occur
where irreversible fouling was occurring. The exact mechanism of the fouling is unclear.
Attempts were made to assess the flux data using the methodology of Field and Amot
(1996), but no clear trends in the data were seen (see Appendix 6 ). The conclusion of the
assessment of the available modelling approaches in Chapter 1 was that resistance in series
modelling was likely to be the most applicable to the type of data collected here. With this
in mind pure water filtration data is also presented in Appendix

6

in order to compare the

unfouled and fouled resistances of the membrane.
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Figure 5.3-1 Trial 1, microfiltration o f a dilute (18 g L'^) JM83 pQR187 (from complex
medium) spheroplast stream with a 0.2 pm membrane with total permeate recycle (constant
concentration). In the upper plot, flux is shown as a continuous line, and retentate protein
concentration is shown as ■. Summation o f the cell associated and ‘extracellular ’ retentate
protein levels shows that a total o f 1.91 mg mL~^ o f protein were available. Transmissions
o f protein (U, solid line) and a-amylase (O, dashed line) are shown in the lower plot.
Stage 1: P pM ^^

V(j=3.3 m s~^; Stage 11: P p M ^^ b a r, Vq =2.1 m s~^ and Stage 111:
P p M ^ l bar, Vc=3.1 m s~^.
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Figure 5.3-2 Trial 2, microfiltration o f a dilute (13 g L~^) JM83 pQR187 (from complex
medium) spheroplast stream with a 0.2 pm membrane with total permeate recycle (constant
concentration). In the upper plot, flux is shown as a continuous line, and retentate protein
concentration is shown as ■. Summation o f the cell associated and ‘extracellular ’ retentate
protein levels shows that a total o f 1.66 mg mL~^ o f protein were available. Protein
transmission is shown by □ and the solid line in the lower plot, a-amylase assays had to
poor reproducibility between the replicates due to a faulty pipette and so this data is not
shown. Stage I: P p M ^ l bar, Vc=3.5 m s '^ ; Stage II: P jM ^ 4 bar, Vc=2.8m s~^ and
Stage III: P p ^ I bar, Vq =3.4 m s~^.
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Figure 5.3-3 Trial 3, microfiltration o f a dilute (18 g L~^) JM107 pQ RI26 (from defined
medium) spheroplast stream with a 0.8 pm membrane with total permeate recycle. In the
upper plot, flux is shown as a continuous line, and retentate protein concentration is shown
as

Summation o f the cell associated and ‘extracellular ’ retentate protein levels shows

that a total o f 15.7 mg mL~^ o f protein were available. The transmissions o f protein (Ü and
solid line) and a-amylase (O and dashed line) are shown in the lower plot. Stage I and
Stage III:

Stage II: PpM^'^

V(j

constant at 3.9 m s~^ .
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Figure 5.3-4 Trial 4, microfiltration o f a dilute (7.5 g L'^) JM l 07 pQR126 (from defined
medium) spheroplast stream using a 0.8 pm membrane with total permeate recycle
(constant concentration). In the upper plot, flux is shown as a continuous line, and
retentate protein concentration is shown as ■. Summation o f the cell associated and
‘extracellular ’ retentate protein levels shows that a total o f 0.43 mg mL~^ o f protein were
available. The transmissions o f protein ( d and solid line) and a-amylase (O and dashed
line) are shown in the lower plot. V(j was constant at 4.7 m s~^. Stage I:
Stage II: PpM T^ bar.
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Figure 5.3-5 Trial 5, microfiltration o f a dilute (18 g L~^) JM l 07 pQR126 (from defined
medium) spheroplast stream with a 0.8 pm membrane at 1 bar P jM

o f 4.7 m s~^.

In the upper plot, flux is shown as a continuous line, and retentate protein concentration is
shown as ■. Summation o f the cell associated and 'extracellular ’ retentate protein levels
shows that a total o f 6.86 mg mL~^ o f protein were available. The transmissions o f protein
(U and solid line) and a-amylase (O and dashed line) are shown in the lower plot.
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5.3.2 Varied concentration trials.

Three varied concentration trials were performed using dilute spheroplast feeds. Two of the
trials (Figure 5.3-6 and Figure 5.3-7) were performed using a 0.2 pm membranes, and a
final trial (Figure 5.3-8) used a 0.8 pm membrane. The concentrations and steady state
fluxes for each of the stages are shown in Table 5.3-3.
Trial

■Iss (x 10 '^ m 5-')

Trar smission (%)

I

II

III

I

11

111

Trial 6 (Figure 5.3-6)

0.6

0.6

0.4

18(12)

16(8)

19(5)

Trial 7 (Figure 5.3-7)

0.5

0

-

7(4)

2 2 (2 2 )

-

Trial 8 (Figure 5.3-8)

1.0

0.7

0.1

130%

7(4)

12 ( 12 )

Table 5.3-3 Summary o f steady state fluxes and transmissions fo r variable concentration
trials, a-amylase transmission is shown first, with the protein transmission in brackets.
Trials 6 and 7 used 0.2 jim membranes and trial 8 used a 0.8 pm membrane.
The first trial (Figure 5.3-6) was at a relatively low feed concentration compared with the
data already presented. The initial flux in stage I is low compared with thèse other trials,
but by the final stage the cell concentration and the flux are comparable with those seen in
the final stage of the first of the 0.2 pm trials (Figure 5.3-1). The lower flux performance
during this trial is probably due to the higher retentate protein level.

The transmission of a-amylase is less than that seen in the constant concentration trials, but
the protein transmission levels are comparable. This could be due to a different balance
between the protein and the a-amylase in the feed. The retentate protein concentration was
significantly higher than seen in other trials (~ five times as high), but the a-amylase e]was
not increased in the same proportion.

The presence of a higher proportion of smaller

proteins in the feed could have caused competitive transmission of these proteins in
preference to a-amylase. This would effectively reduce the a-amylase transmission.

It is interesting to note that there is very little loss in transmission performance. In spite of
the extended filtration time, although the flux falls from 0.6 x l0 “5 m s"l to 0.4 xlO"^ m s"l,
there is little alteration in the transmission performance.

The second trial (Figure 5.3-7) used a similar starting solids concentration to that seen in the
constant concentration trials 1 and 2, but the spheroplasts were produced from the JM l07
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construct which had been cultured on defined medium. The flux steadied quickly during the
first stage to - 0 .6 x

1 0 "^

m s"l, but a much lower flux was obtained during the second stage.

The second stage of trial 7 is complex, the flux was very low during this stage, and fell to a
negligible level just before 6000 seconds. This fall in flux was associated with a fall in the
retentate protein level, and an increase in the transmissions to - 2 2 % from the low - 5 - 1 0 %
they were at in the first stage. It appears that there may have been a high degree of protein
adsorption during the trial, in both the test and interstage membranes which would explain
the fall in retentate protein level (an increase would be expected as protein is being retained
and the total volume is being reduced).
complete loss in flux.

This adsorption appears to have led to almost

The increase in transmission may be due partly to polarisation

effects. The change in retentate protein concentration will also be important here. It was
not possible to use the average retentate concentrations to calculate the transmission
performance during the second stage, as the decrease was considered too great. This means
that as the retentate protein level falls of, and the permeate protein level remains constant,
the transmission will rise.

The final trial in this section used a 0.8 pm membrane (Figure 5.3-8). The first two stages
of the trial have flux levels which are comparable with those seen in other

0 .8

pm trials.

The flux appeared to decline, almost linearly, in a similar way to the flux decline in Figure
5.3-5 through the first two periods. The flux at the start of the second stage was at a similar
level to the flux at the encTof the first period, and the flux appeared to continue its decline
during the second filtration period, at a slightly slower rate suggesting fewer fouling
problems than in trial 7.

The transmissions of a-amylase and protein essentially followed the flux decline during the
first two filtration stages. The a-amylase transmission was consistently higher than the
protein transmission in these two stages. In the final filtration stage the transmissions of a amylase and protein appeared to increase linearly, and the levels of transmission were
almost matched. The retentate concentrations appeared to be essentially constant during the
first and second filtration stages, with a higher protein level in the second stage, as would be
expected following the inter-stage concentration step. The retentate protein level appears to
fall during the final stage, this could indicate a high level of protein adsorption during this
stage. Thus, the behaviour here is similar to that seen in the final stage of trial 7. Once
again, it appears that the membrane is changed some way during the second concentration
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step, so that the flux is lost. During the interstage concentration stages the test membrane is
still in contact with the feed, and there is no flow through the test module, thus there is a
good chance that there is a high degree of protein adsorption.
I
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Figure 5.3-6 Trial 6, microfiltration o f a dilute (8-19 g L~^) JM83 pQR187 (complex
medium) spheroplast stream with a 0.2 pm membrane. In the upper plot, flu x is shown as a
continuous line, and retentate protein concentration is shown as ■. Summation o f the cell
associated and 'extracellular' protein levels shows that a total o f 5.53 mg mL~^ ofprotein
were initially available. The transmissions o f protein (U and solid lines) and a-amylase (O
and dashed lines) are shown in the lower plot. Vq =6.2 m s'^ and PpM T^

Dry cell

weights: Stage 1 7 .7 g L'^, Stage I I 10.7g L'^, Stage III 19.3 g L~^.
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Figure 5.3-7-Trial 7, microfiltration o fa d ilu te (17.6-26.9g L~^) JM107pQR126 (defined
medium) cell spheroplast stream with a 0.2 pm membrane. In the upper plot, flux is shown
as a continuous line, and retentate protein concentration is shown as ■. Summation o f the
cell associated and ‘extracellular’ retentate protein levels shows that a total o f 4.47 mg mL~
^ ofprotein were initially available. The transmissions o f protein (Cl) and a-amylase (O)
are shown in the lower plot. V(j=4.9 m s~^ and PpM ^^-^
17.6g Lr^, Stage I I 26.9 g

Dry cell weights: Stage I
.
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Figure 5.3-8 Trial 8, microfiltration o f dilute a dilute (27.1-53.6 g L~^) JM l 07 pQR126
(defined medium) cell spheroplast stream with a 0.8 pm membrane. In the upper plot, flux
is shown as a continuous line, and retentate protein concentration is shown as ■.
Summation o f the cell associated and ‘extracellular ’ retentate protein levels shows that a
total 6.48 mg mL~^ o f protein were initially available. The transmissions o f protein (\I\) and
a-amylase (O) are shown in the lower plot. V(j^4.7 m s'^ and P p M r^

Dry cell

weights: Stage 127.1 g L'^, Stage I I 39.0 g L'^, Stage I I I 53.6 g L '^ 0.8 pm membrane.
5.3.3 Summary of the results from dilute spheroplast microfiltration trials.
The flux performance during the 0.8 pm trials appears initially to be better than that seen in
the 0.2 pm trials. However, there is normally a greater degree of flux decline associated
with the 0.8 pm membranes, and so the steady state fluxes tended to be lower. In trials
where it was possible to assess hysteresis (Figure 5.3-1 to Figure 5.3-3) there was clearly an
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element of flux loss when the initial operating conditions were repeated at the end of the
experiment. This is thought to be a direct result of protein adsorption during the trials.

With 0.2 pm membrane the a-amylase transmission is generally higher than protein
transmission. The 0.8 pm membrane results are less clear cut, transmissions are generally
much closer, and are also lower on the

0 .8

pm than on the

0 .2

pm, although there is some

run to run variation due to feed property variations. This trend for selective transmission of
a-amylase by the

0 .2

pm membrane, but not by the

direct result of the larger effective pore size of the

0 .8

0 .8

pm membrane is thought to be a

pm membrane, which allowed for a

higher proportion of the background protein to permeate through the membrane, whereas
the

0 .2

pm membrane has some size exclusion properties.

The increased selectivity for a-amylase seen with the 0.2 pm membrane is thought to be
due to a size exclusion mechanism which does not allow the larger contaminating proteins,
or possibly protein aggregates, to pass through the secondary layer of solids and proteins on
the membrane surface, and hence through the membrane. In both types of membrane the
pores are theoretically large enough for all the proteins present to pass through into the
permeate. This is why it is thought that it is the fouling layer which is influencing the
transmission. It is expected that the solids present would tend to plug the pores of the 0.8
pm membrane, whereas they are expected to build-up on the surface of the

0 .2

pm

membrane.

A feature of all the dilute stream trials is the apparent relationship between the flux and
transmission; the curves always seem to have the same overall shape. In Section 5.4 the
correlation between flux and transmission is assessed.

In all of the constant concentration trials performed the spheroplasts appeared to suffer no
damage leading to release of protein. The analysis is less clear for the trials where solids
concentration was varied, as mass balances (data not shown) suggest that there is increased
protein adsorption during these trials. However, with the one exception of stage III of trial
7,

the retentate protein concentration appears to remain constant within a stage, suggesting

no damage occurs within an individual stage.
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5.4 Development of a modelling approach.

The modelling of performance will focus on the linkage between the flux and transmission.
This aspect of membrane performance has not been considered in much of the published
research. Also, as much of the current published research is focused towards the prediction
of flux performance, it is envisaged that by considering further the identified linkage
between flux and transmission, the transmission may ultimately be predictable using models
reported in the literature for the flux.
5.4.1 Basis of modelling approach.
The linkage between flux and transmission suggests that a common mechanism is
responsible in determining the performance of a membrane system.

Fouling has been

recognised as the main processing limitation in the application of microfiltration in the
processing industries. It is this fouling which will determine the performance of the system.

The flux (J) is related to PxM by D ’Arcy’s Law:
p
J=

Eqn 5-1
Where R t OTAL is the resistance to permeate flow. In the simplest case, where a clean
membrane is used this resistance is the hydraulic resistance of the membrane. It is possible
to assess the degree of fouling of a membrane from filtration data using Eqn 5-2.
R

^TO TAL

p

=£zw
j

JflEqn 5-2

The transmission of a particular species through the membrane is expected to be inversely
related to the degree of fouling (Eqn 5-3):
/

1
Transmission = f —
R
\ ^ TOTAL
or
Transmission = /

Eqn 5-3
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The exact form of the function, / is not yet clear, but it can be expected to have certain
properties. If one considered the case where the total resistance to flow were infinite, then
the transmission would be expected to be zero, hence the function would be expected to
have a (0,0) intercept. However, literature shows that microfiltration membranes frequently
behave as ultrafilters, giving a solvent flux whilst totally rejecting a particular species. This
would lead to a positive ‘x ’ intercept. It is also clear that the transmission can never exceed
100

%, and so the function will tend asymptotically to this limiting value as J /P tm is

increased (i.e. as the membrane becomes cleaner).

The filtration trials were performed taking samples at regular time intervals. The flux data
needed averaging to provide an average value to coincide with each time point where the
transmission was determined. This approach was taken with the data presented earlier in
this chapter, first considering each trial individually (see Appendix 7), and then combining
together the data collected to see if a global ‘rule’ could be identified.
5.4.2 Correlation plots for dilute spheroplast stream microfiltration.
The correlations for the transmission and flux performance (plotted as a function of the
system resistance) are shown in Figure 5.4-1 and Figure 5.4-2 for the 0.2 p.m and 0.8 p.m
membranes respectively. The original data for each run is shown in Appendix 7, only data
from the first stage of any trial which gave rise to individual correlations with a correlation
coefficient greater than 0.5 were combined into Figure 5.4-1 and Figure 5.4-2. The data for
both membranes is combined to give a correlation for both membranes (Figure 5.4-3).
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Protein transmission;

Linear Regression for 0.2 pm membrane
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Y=A+B*X

Param Value sd

Param Value sd

A -0.05172 0.02959
B 0.0052 0.00089

A -0.(H511 0.01131
B 0.00886 0.00037

R =0.84989
SD=0.03288, N= 15
P = 0.00006

R =0.98803
SD=0.01906, N= 16
P = 9.15^13

Figure 5.4-1 Correlation o f flux and transmission performance fo r the 0.2 pm dilute stream
trials, a-amylase transmission is shown by (O) and protein transmission is shown by (üï)
in the lower plot. The dashed correlation line is fo r the a-amylase data, and the solid line is
fo r the protein data. The linear regression data is shown. R is the regression coefficient fo r
the data. The probability, P o f there being no correlation in the data is calculated based on
a 't ’ test. The regression analysis was performed using Microcal Origin routines.
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Figure 5.4-2 Correlation o f flux and transmission performance fo r the 0.8 pm dilute stream
trials, a-amylase transmission is shown by (O) and protein transmission is shown by (U).
The dashed correlation line is fo r the a-amylase data, and the solid line is fo r the protein
data.
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Figure 5.4-3 Correlation fo r combined (0.2 pm and 0.8 pm) data from dilute spheroplast
stream microfdtration trials. The a-amylase transmission in the upper plot, with the 0.2 pm
data represented by the closed symbols, and the 0.8 pm data represented by the open
symbols. The protein transmission data is plotted in the same way in the lower plot.
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5.4.3 Discussion o f correlations.

Figure 5.4-1 shows poor correlation between the a-amylase transmission and the flux
performance, this is probably due to the wide variation in a-amylase titres from one batch to
the next. There is clearly an element of data grouping by trial. This shows the impact of thr
batch-to-batch variation in the protein and a-amylase content of the feed.

Figure 5.4-2

shows the correlation between transmission and flux for the 0.8 pm membrane trials. Both
of the transmission correlations appear to be quite good.

As has been already stated, the exact nature of the correlation between the transmission and
the resistance of the system is not known. It is thought that the J/P tM ^xis values give a
measure of the condition of the membrane at a certain point during its use. This membrane
characteristic is thought to represent in some way the effective pore size, with higher values
of J /P tm representing larger effective pore sizes. If this is the case, then it would be
expected that the data from the
0 .8

0 .2

pm membrane filtration trials and the data from the

pm membrane filtration trials could be fitted by one correlation.

Figure 5.4-3 shows the data collected from both membranes, and there is fairly strong
evidence that their may in fact be common correlations for the protein and a-amylase
transmission data over the two pore sizes tested.

This is perhaps unexpected, as the

performance characteristics of the membranes initially appear to be so different, e.g the
preferential a-amylase transmission (compared to protein) through the

0 .2

pm membrane.

The relative gradients of the two correlating functions will determine whether or not aamylase is preferrentially transmitted. The combined correlation for the a-amylase data has
a higher gradient than the protein correlation, showing that preferrential transmission of aamylase can still occur, given suitable J/?TM conditions.
5.5 Conclusions of studies on dilute spheroplast streams.
The F jM used during microfdtration determines the degree and nature of the fouling
experienced. As would be expected, lower Pt m ’s lead to a lower degree of fouling. In the
cases reported here the fouling layer seems to be changed (with a degree of irreversibility)
by a period of operation at a higher P t M-

The transmission of a-amylase across the

membrane is best achieved using a 0.2 pm membrane. In general this leads to both a higher
flux and transmission performance is also more favourable, as the transmission of a amylase appears higher than that of the overall protein.
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It has been demonstrated in this chapter that there is a correlation between the flux and
transmission performance seen during the filtration of dilute spheroplast streams. When the
0 .2

fim and

0 .8

pm microfiltration data is combined the differences in performance are such

that the correlation between flux and transmission could be a common one, rather than
individual correlations applying for the two pore sizes. The form of the correlating function
has not been fully investigated, but there is some evidence that the relationship is linear over
the range of conditions seen in the trials. Further elucidation of the relationship between the
flux and transmission could prove to be very significant. As this may then provide a means
of using models for flux prediction to estimate the transmission performance.

Finally, at the concentrations used in these trials, the spheroplasts appear to maintain their
structure during processing.
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6. Microfiltration of more concentrated systems:

A preliminary investigation of

performance and modelling.
The trials presented in this chapter used cells from 14 L scale fed-batch fermentations, and
in one case cells from a batch 450 Litre fermentation to test the performance of the
membrane system for cell spheroplast processing at a higher concentration (70-103 g L"1
d.c.w. compared with upto 40 g L"1 using feeds from smaller batch and fed-batch
fermentation).

The performance was measured using the same processing indicators as described in
Chapter 5, and a similar multi-stage trial strategy was used to maximise the amount of data
collected per fermentation. Each of the three trials reported was a variable concentration
trial (i.e. with interstage concentration steps).

The analytical and feed preparation

procedures are described in Chapter 2.

The chapter has two main sections. In the first section the performance in each trial is
reported, and in the second section the transmission is correlated as in Chapter 5. The data
presented in this chapter is also combined with that already presented for dilute streams,
allowing the feasibility of a global correlation of the data over the full range of retentate
concentrations to be tested. In the first instance, the data is segregated according to the pore
size of the membrane used, and a final correlation is also shown combining the data for both
pore sizes over the full concentration range.
6.1 Results.
6.1.1 0.2 pm trials.
The data presented in Figure 6.1-1 and Figure 6.1-2 is for the microfiltration of cell
spheroplast suspensions using a 0.2 pm membrane. The steady state performance is also
summarised in Table 6.1-1. In trial 9 (Figure 6.1-1) the solids concentration was increased
stagewise from 31 g L“1 to 37 g L"1 and in the final stage 42 g L"L

In trial 10 (Figure 6.1-2), the cells from a 450 L batch fermentation were used. The cells
from 150 L of broth were recovered using the AS26 (Sharpies) tubular bowl centrifuge. The
final volume after the osmotic shock step was 20 L (i.e. the cell spheroplast solution will be
three times as concentrated as that produced by the standard osmotic shock protocol on a
defined medium batch culture). The initial concentration of the suspension was 70 g L"^
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which was increased to

88

g L"^ for the second stage, and then to 103 g L"^ for the final

stage. In spite of the difference in the solids loadings the steady state fluxes were very
similar. In both of these trials the transmission of a-amylase was lower than those seen in
the earlier trials.

The protein transmission was also reduced in trial 9 (Figure 6.1-1),

possibly because of the relatively high retentate protein concentration.

The protein

transmission in trial 10 (Figure 6.1-2) was comparable with that seen previously (Chapter

5).

In trial 9 (Figure 6.1-1) there was a considerable degree of flux decline during each stage.
During the first two stages the protein and a-amylase transmission declined in parallel with
the flux. The transmissions were essentially constant through the final stage. Throughout
trial 9 the a-amylase transmission was consistently higher than the protein transmission.

Trial 10 (Figure 6.1-2) showed a flux declined during the first stage. In the second and third
stages the flux appears to start from a lower value, but recovers to a reasonable level during
the filtration stage. The flux may initially be low due to changes in the fouling layer on the
test membrane during the interstage concentration step. The recovery is probably due to the
action of the crossflow, which removes some of the fouling material. In this trial the protein
transmission was consistently higher than the a-amylase transmission. Once again, there
was apparent correlation between the transmission and flux performance during the trial.

The solids concentration was constant during each stage of the trials. Retentate protein level
would be expected to remain constant during a stage if there was no structual damage during
processing. This was the case with both of the trials, with the possible exception of the final
stage of trial 9. The solids concentration during this stage was lower than the concentration
in stage I of trial 10. Thus, the increase in protein shows that spheroplast damage cannot be
due to shear stresses alone (i.e. due to viscosity increasing with the concentration). Hence,
the ageing of the spheroplasts must also be a key factor.
■Iss ( X 10'^ m s ')

Trial

Trans mission (%)

I

II

III

I

II

III

Trial 9 (Figure 6.1-1)

0.7

0.5

0.3

5(1)

6(3)

6(3)

Trial 10 (Figure 6.1-2)

0.9

0.5

0.4

4(19)

3(11)

2(15)

Table 6.1-1 Summary o f steady state fluxes and transmissions fo r the variable
concentration runs on the concentrated streams using the 0.2 pm membrane. The
transmission o f a-amylase is shown first, with the protein transmission in brackets.
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Figure 6.1-l Trial 9,~microfdtration o f concentrated JM l 07 pQ RI26 (defined medium)
spheroplast (31-42 g L~^) using a 0.2 pm membrane. In the upper plot the flux is shown as
the continuous line, and the retentate protein is shown as ■. Summation o f the cell
associated and 'extracellular' retentate protein levels shows that a total 7.35 mg mL~^ o f
protein were initially available. The transmissions o f a-amylase (O) and protein (\3) are
shown in the lower plot. Operating conditions were constant with P p M
o f 4.2 m

s . Stage I: 3 Ig L ~ ^ ; Stage II: 37 g L'^; Stage III: 42 g

^
(all d.c.w. basis).
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Figure 6.1-2 Trial 10, microfdtration o f concentrated (70-103 g L'^) JM107 pQR126
(defined medium) spheroplasts using a 0.2 pm membrane. The upper plot shows the flu x as
a continuous line, and the retentate protein level as ■. Summation o f the cell associated
and ‘extracellular ’ retentate protein levels shows that a total 16.6 mg mL~^ o f protein were
initially available. In the lower plot the a-amylase transmission (O) and protein
transmission (d ) are shown. Operating conditions were

and Vq =4.4 m s'^.

Concentration was increased in stage-wise steps: Stage I: 70 g L~^; Stage II: 88 g Ir^:
Stage III: 103 g L~^ (all d.c.w. basis).
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6.1.2 0.8 p.m membrane trial.
The final trial (trial 11) reported in this chapter used a 0.8 pm membrane. The steady state
performance is summarised in Table 6.1-2. From Figure 6.1-3 there is a clear flux decline
during the first and second stages of the trial. The steady state fluxes seen are lower than
those seen in the 0.2 pm membrane trials reported earlier in this chapter. This would be
expected bearing in mind the data already reported in Chapter 5. The flux in the final stage
is very low, probably as a result of the prolonged contact of fouling material with the test
membrane during the second concentration stage.

The crossflow may have less of an

influence on the fouling layer compared with the other 0.2 pm trials. A proportion of the
solids fouling is to become trapped in the membrane pores, so that crossflow velocity is less
effective.

The levels of protein and a-amylase transmission are comparable with those seen in the
comparable trials reported in Chapter 5, with little difference between the protein and aamylase transmission levels. The transmission also declined in parallel with the flux.

Trial 11 (Figure 6.1-3)

Tr£insmission (%)

fss ( X 10 '^ m

Trial.
I

II

Ill

I

II

III

0.4

0.4

0.1

7(8)

5(6)

4(5)

Table 6.1-2 Summary o f the steady state transmission and flux fo r a concentrated cell
spheroplast stream using a 0.8 pm membrane. The a-amylase transmission'is shown first,
with the protein transmission in brackets
Once again, the retentate protein levels will increase if the cell spheroplasts are damaged
during processing. The data presented in Figure 6.1-3 would suggest that the spheroplasts
remain undamaged during processing.
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Figure 6.1-3 Trial II, microfdtration o f concentrated (26-42 g L~^) JM l 07 pQR126
(defined medium) spheroplasts using a 0.8 pm membrane. The upper plot shows the flu x as
the continuous line and retentate protein concentration as ■. Summation o f the cell
associated and ‘extracellular ’ retentate protein levels shows that a total 9.44 mg mL~^ o f
protein were initially available. The lower plot shows a-amylase(O) and protein (Hi)
transmission with the dashed and solid lines respectively. The PpM

^

and Vq ^vas

4.4 m s~^ . Solids concentration varied as follows: Stage I: 26 g L~^ ; Stage II: 34 g
and in Stage III
4 2 g L -l
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6.2 Correlation o f transmission with flux.

6.2.1 Data collected using fed-batch and higher concentration batch spheroplasts.
As in Chapter 5, the data presented in this chapter indicates that there is a close link between
the flux and transmission performance. The same correlation approach has been used here,
in the first case correlating the data collected with the more concentrated streams only, and
splitting the data according to the membrane used. As in Chapter 5, only data from the first
stage of a trial which gave a correlation coefficient (r) greater than 0.5 are plotted.

The transmission data collected with the 0.2 pm membranes with the spheroplast
suspensions from the fed-batch and higher concentration spheroplast suspensions from the
450 Litre fermentation are correlated with flux in Figure 6.2-4. The a-amylase transmission
data does not appear to correlate well with the flux (plotted as J/Ptm )- (The correlation
coefficient ‘r’ is low, a value of

1

is expected for a straight line relationship, the ‘p ’ value

(probability of no correlation between the transmission) is also high. This is probably due
to the unusually low a-amylase transmissions seen during these trials. This meant that the
differences in transmission were too small to correlate against the apparent resistance of the
system.

The protein transmission appears to correlate much more strongly with the flux, expressed
as the apparent system resistance.

The data from the trial with the 0.8 pm membrane are shown in Figure 6.2-5. In this case
the correlations for both the protein and a-amylase transmission appear to be more
statistically significant (high ‘r’ values and very low ‘p ’ values) than those for the

0 .2

pm

membrane. This was also the case in the correlations presented in Chapter 5. The reason
for this difference in the correlation strength with pore size is unclear, but may be a result of
differences in the fouling mechanisms seen in the larger pores. Here, one would expect a
proportion of the pores to be fully blocked off by solids, and this would probably be the
more significant contributor to the resistance to transmission.

Work by Tarleton and

Wakeman (1992) suggests that the larger the nominal pore size of the membrane the wider
the pore distribution of the membrane. So this fouling mechanism appears to be a distinct
possibility. In pore-fouling will lead to a more significant reduction in performance with
the

0 .2

pm membranes, as then the same amount of protein adsorption will lead to a

proportionally higher reduction in the effective pore size of the membrane.
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Figure 6.2-4 Correlation o f transmission performance fo r the 0.2 pm trials on the
concentrated streams. The a-amylase transmission is shown in the upper plots as (O), with
the dashed correlation line, and protein is shown by fO) in the lower plot, and is correlated
by the solid line. The data points obtained using the spheroplasts produced from the 450 L
batch are represented by closed symbols, as the retentate solids concentration was so high.
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Figure 6.2-5 Correlation o f transmission performance fo r the 0.8 pm trials on a
concentrated stream. The a-amylase transmission is shown in the upper plot as (O), and is
correlated with the dashed line, protein is shown by (Ü) in the lower plot, and is correlated
by the solid line.
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6.2.2 Correlation

of

data

for

dilute

and

concentrated

spheroplast

stream

microfiltration, distinguishing the membrane pore size.
The correlations for the transmission against flux for the 0.2 jam and 0.8 fim microfiltration
of cell spheroplasts are shown in Figure 6.2-6 and Figure 6.2-7 respectively.

To some

extent the data appear to group together for each run. This is most apparent with the 0.2 |im
a-amylase data for which the correlation of the data is not particularly strong. Whilst the
same x-axis grouping is seen there is a higher variation in the protein transmission data than
in the a-amylase transmission data giving a ‘better’ overall correlation. Once again, the
correlations appear to be stronger with the

0 .8

pm membrane.
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Figure 6.2-6 Correlation o f transmission performance with flu x fo r microfdtration o f cell
spheroplasts over a range o f concentrations using a 0.2 pm membrane. The a-amylase
transmission is shown in the upper plot as (O), an is correlated with the dashed line,
protein is shown by (Ü) in the lower plot, and is correlated by the solid line.
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Figure 6.2-7 Correlation o f transmission performance with flux fo r microfiltration o f cell
spheroplasts over a range o f concentrations using a 0.8 pm membrane. The a-amylase
transmission is shown in the upper plot as (O), and is correlated with the dashed line,
protein is shown by (ID) in the lower plot, and is correlated by the solid line.
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6.2.3 Correlation of microfiltration data over the full concentration range, and
combining the 0.2 jim and 0.8 |im membrane data.
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Figure 6.2-8 Correlation o f transmission performance with flu x fo r microfiltration o f cell
spheroplasts, combining 0.2 pm (closed symbols) and 0.8 pm data (open symbols). The aamylase transmission is shown in the upper plot as (O ,^), and is correlated with the dashed
line, protein is shown by (tU,*) in the lower plot, and is correlated by the solid line.
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The correlation for all the microfiltration data is shown in Figure 6.2-8. When all the data is
plotted together some o f the original trial groupings are still visible, and it appears that an
‘eye-drawn’ line would be more appropriate than the regression line. This is especially
evident with the a-amylase data.

The combination of the data reduces the regression

coefficients further, this may be as a result of batch to batch variations.
6.3

Conclusions.

The data presented in this chapter once again imply the ability to link transmission and flux
for a membrane system.

These correlations would possibly ultimately allow for the

prediction of the transmission performance given a prediction of the flux performance. Of
course, these correlations are empirical, and fundamental issues have not been directly
addressed. The use of fundamentals in the literature has allowed theoretical prediction of
the transmission performance based on steric effects (as predicted by Ferry’s equation), but
the majority of the literature shows that these fundamental equations cannot predict the
performance in a system where there is a high degree of fouling, which cannot be described
effectively by any one fouling mechanism.

Correlations appear to be stronger with the 0.8 pm membrane than with the 0.2 pm
membrane, possibly because the adsorption of protein during microfiltration with a

0 .2

pm

membrane has a more significant effect on the transmission than it does on the flux, thus
skewing some of the data where the amount of fouling is vastly different, giving rise to the
apparent grouping of data according to individual trials. When all the data is combined,
regardless of pore size this effect is reduced somewhat.

The justification for combining all the data is in some ways difficult. One of the main
arguments against doing this is the observation that a-amylase is preferentially transmitted
through the membrane when a

0 .2

pm membrane is used, but when a

0 .8

pm membrane is

used the protein and a-amylase transmissions are usually more similar. This is probably
why the combined correlation for a-amylase is poor. However, the use of apparent system
resistance as the correlating variable makes this combination make some sense:

any

differences in the membrane properties will be accounted for in the apparent resistance, and
so the correlation for protein, at least should be independent of pore size.
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7. Microfiltration of dilute streams: Enhancement of performance.
The successful industrial application of membrane filtration requires a high recovery of the
desired product, and this is most efficiently achieved in a situation where the flux and
transmission of the desired product are high. Fouling will severely reduce the performance
o f a membrane system with respect to both these parameters. This effect has been noted in
the studies detailed in earlier chapters.

Diafiltration will allow some improvement in product recovery, as the product can be
washed into the permeate, thus increasing the overall mass recovered.

This increase

recovery may be at the expense of an additional processing step (ultrafiltration) to remove
the solvent added before further purification can be carried out as the product concentration
in the permeate stream is reduced during diafiltration. The diafiltration step would also be
more efficient if there was a means of further improving the flux and transmission.

Performance losses are due to the fouling of the membrane. The introduction o f crossflow
has already allowed for improvements on ‘traditional’ dead end filtration. However, the
improvements are still limited, as there will still be an element of solids build-up at the
membrane surface, and transmission of proteins through the membrane will still lead to
protein fouling. These factors are discussed in detail in Chapter 1.

In order to improve performance it will be necessary to prevent the fouling of the membrane
as much as possible, and to try and reverse the effects of fouling when it does occur. Where
there is the processing freedom, it may be possible to reduce significantly the effects of
fouling by making the correct choice of membrane (material and pore size, or by
manipulating the feed composition, e.g. Russoti et a l, 1995 (b)). However, it is probably
the case that the choice of membrane will be dependent on material properties
considerations as these affect the ease of cleaning and sterilisation and also determine
whether or no the membrane can be sterilised. Thus, the new operating methods such as
backwashing and flow instability (e.g. oscillatory flows, development of additional vortex
components in the flow) provide the most feasible approach for improving filtration
performance.

This chapter describes a series of trials in which a backpulsing system was used during
microfiltration.

The influence of the backpulse on the microfiltration performance was
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investigated.

Initial studies used a ‘standard’ 1 Hz pulse which provided a reverse

transmembrane pressure of 0.5 bar for 100 ms out of a 1 s cycle. A further group of trials
were also performed. In these trials the conditions of the backpulse were altered, and the
influence of the changes made on performance is reported.
7.1 Preliminary studies.
It was recognised that there was a potential to improve significantly the performance of the
microfiltration system by using frequent backpulsing of permeate. Three filtration trials
were initially performed on various feeds produced from E. coli fermentations producing
periplasmic a-amylase:
•

Whole cells from TBK (see Chapter 3) fermentations: It was recognised that a
significant amount of the a-amylase produced in the fermentation was lost into
the medium prior to the harvest. This would constitute a significant loss of
product if no attempts were made to recover it. By applying pulsed filtration it
should be possible to recover the extracellular material more rapidly than with
conventional methods, and also to increase the transmission to a suitably high
level so as to reduce the amount of diafiltration required before the periplasmic
product is recovered.

•

Spheroplast suspensions from defined medium fermentations:

This is the

‘product recovery’ step in the process flowsheet for the recovery of a periplasmic
protein, and as such the yield of product must be maximised. The high protein
content of this feed means that the transmission levels seen in standard operation
are relatively low. By applying backpulsing it was hoped that the recovery of the
desired product could be speeded up, providing a stream which has a higher
protein content without the need for diafiltration. Trials were carried out on 0.2
and

0 .8

pm membranes, where it was thought different fouling mechanisms were

occurring.
7.1.1 The filtration system.
The filtration system described in Chapter 2 was modified to allow the creation of rapid
backpulses of permeate. Backpulses were created by applying pressurised air to one side of
a flexible rubber diaphragm which formed one of the walls of a permeate reservoir, thus
forcing permeate back into the membrane module, and creating the backflush. There are
several factors which must be considered when the system is operated:
• The reservoir must re-fill after each backpulse, otherwise pulses will become
less effective as the operation progresses.
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•

Scale-up of the system may not be as simple, a larger membrane would
presumably require a pulse of a larger volume of liquid to produce the same
effect. This may be difficult to achieve without re-design of the system.

• There will also be problems where a monolithic element is used, as it is unlikely
that a backpulse will transmit to the central zone of the element, thus the internal
channels could remain unaffected by the backpulse.

The first of these factors is overcome by the use of a pulse profile with a built-in time delay
to prevent the gradual emptying of the reservoir (period T 2 in Figure 7.1-1), and also to
prevent the air being applied to the diaphragm at the same time as material is being
collected, (i.e. to compensate for any time delay associated with the opening and closing of
the valves, period T 4 ). The pulse profile shown in Figure 7.1-1 was developed with these
requirements in mind. Preliminary experiments were carried out using this profile.
T3 s permeate
on
T,s
air off
permeate off

Positive flux

A

Î

T,s
air off
permeate off

\
negative
flux

T,s
L5bar air
permeate off _

Figure 7.1-1 Schematic o f the pulse cycle profile used in backpulsing experiments.
Solenoid valves were used for the air and permeate lines the opening and closing of which
was controlled by an algorithm written in PC-LabVIEW software. In the standard operating
mode used in the preliminary studies the values used for the various time periods in the
pulse cycle were: T% = 0.1 s T 2 = 0.2 s; T 3 = 0.6 s; T4 = 0.1 s. Thus the pulses had a
frequency of 1 Hz and the reverse flow had a duration of 0.1 s.
7.1.2 Methods.
All of the trials (with the exception of the first one, which used whole cells from a TBK
fermentation - See Chapter 3) used cell spheroplast suspensions produced with cells from
defined medium fermentations (either batch or fed-batch).

The relevant methods have

already been described in Chapter 2.
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7.1.3 Results o f preliminary trials.

The flux data shown here is for the measured (gross) flux, unless otherwise stated. No
correction has been made for the permeate valve closure during permeate backpulsing.

Trial 12 (Figure 7.1-2) shows the performance of the filtration system during the
microfiltration of a

6

g L"1 (d.c.w.) suspension of whole E. coli. During the first stage of

the trial backpulsing led to high protein and a-amylase transmissions (82 % and 73 %
respectively) and the flux declined in an ordinary manner from an initially high value.
When pulsing was stopped (all other conditions remaining constant) the flux was seen to
drop slightly, and the transmission performance reduced significantly to 52 % a-amylase
transmission and 37 % protein transmission. The subsequent stages at 2 and 4 bar showed a
continued reduction in performance, this would be expected as operating under these
conditions will promote fouling and polarisation of solids.

Trial 13 (Figure 7.1-3) shows high a-amylase and protein during the first pulsed filtration
step of a filtration trial using a 15 g L"1 spheroplast suspension. The flux performance is
also higher than that normally seen during filtration. In the second stage of the trial, where
pulsing is stopped the flux and transmission performance is reduced from that seen during
the first (pulsed) filtration step, with the protein transmission being affected less than the a amylase.

During the final filtration stage the pulsing was restored, leading to almost

complete recovery in performance (both transmission and flux).

Trial 14 (Figure 7.1-4) shows the performance during 0.8 pm pulsed microfiltration of a 2D
g L"1 suspension of spheroplasts. Whilst the transmission performance is increased by the
application of backpulsing, there is a significant reduction in the flux (the first and third
stages used pulsed filtration).
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Figure 7.1-2 Trial 12, pulsed and unpulsed microfiltration o f whole E. coli cells (at 6 g L~^
dry weight) using a 0.2 pm membrane. Stages 1 and II used a P f M ^ f ^

6 a/" and

of

3.5 m s~^, standard permeate backpulsing was used in stage I Stage III was at 2 bar P pM
(Vc=3.1 m s~^), and stage IV was at 4 bar P jM

s'^). Stages II, III and IV were

without backpulsing. In the upper plot retentate protein is shown as (M), and flu x as the
continuous line. The lower plot show the transmission o f a-amylase (O) with the dashed
line and total protein (U) with the solid line. Summation o f the cell associated and
'extracellular ’ retentate protein levels shows that a total o f 1.33 mg mL~^ o f protein were
available.
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Figure 7.1-3 Trial 13, pulsed and unpulsed microfiltration o f a 15 g L~^ cell spheroplast
suspension using a 0.2 pm membrane at 1 bar PpM

o f 3.1 m s'^. Stages 1 and 111

were carried out with standard permeate backpulse, and stage 11 was at the same operating
conditions, but without the backpulsing. In the upper plot retentate protein is shown as (M),
and flux as the continuous line. The lower plot show the transmission o f a-amylase (O)
with the dashed line and total protein (U) with the solid line. Summation o f the cell
associated and ‘extracellular ’ retentate protein levels shows that a total o f 3.49 mg mL~^ o f
protein were available.
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Figure 7.1-4 Trial 14, pulsed and unpulsed microfiltration o f a 20 g L~^ suspension o f cell
spheroplasts using a 0.8 pm membrane. A P p M ^ f ^

throughout the trial, and

Vq was constant at 5.6 m s'^. Stages I and III used the standard permeate backpulse, no
backpulsing was used in stage II. In the upper plot retentate protein is shown as (^), and
flu x as the continuous line. The lower plot show the transmission o f a-amylase (O) with the
dashed line and total protein (Zl) with the solid line. Summation o f the cell associated and
‘extracellular ’ retentate protein levels shows that a total o f 7.92 mg mL~^ o f protein were
available.
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The steady state performance during each of the trials is shown in Table 7.1-1 below.
Jss ( x K

Trial.

m s' ')

Transm ission (%)

I

II

III

IV

I

II

III

IV

0 .2 p m Trial 12 (Figure 7 . 1 -2 )

2 .4

2 .0

1.8

1.5

73(82)

52(37)

39(29)

28(16)

0 .2 p m Trial 13 (F igure 7 . 1 -3 )

1.8

1.4

1.5

-

68(32)

40(25)

68#7)

-

0 .8 p m Trial 14 (Figure 7 . 1 - 4 )

0 .4

0.6

0.5

-

7(6)

1(2)

6(7)

-

Table 7.1-1 Steady state performance during preliminary microfdtration trials using
permeate backpulsing. The transmission is shown with a-amylase transmission first, and
the total protein transmission in brackets. The shaded areas o f the table are those from
pulsed filtration stages.
7.1.4 Discussion of the preliminary trials.
P u lsin g led to a slight im p r o v e m e n t in flux w h e n it w as u se d in w ith th e 0.2 |am m e m b r a n e
(see also F ig u re 7.1-2 and F ig u re 7.1-3), a 20 % im p r o v e m e n t w a s se en in th e w h o le cell
filtration trial, and a 29 % im p r o v e m e n t w as seen in the cell s p h e ro p la st filtration trial (th e se
% are b a s e d on the u n p u ls e d flux).

T h e flux seen w ith th e 0.8 p.m m e m b r a n e w a s lo w e r

w h e n p u lsin g w a s ap p lie d (F ig u re 7.1-4), 33 % low er in th e w o rs e case, a g a in based on the
u n p u ls e d flux.

T h e flu x does no t r e m a in co nstan t d u r in g the p u lse d filtration stages,

indic atin g th a t fo u lin g still occurs, e v e n w h e n pulsin g is used.

T h is is p ro b a b ly to be

e x p e cted , as th e p e r m e a te co n ta in s p ro tein s w h ic h will th e m s e lv e s foul the m e m b r a n e .

C o m p a r in g the fluxes b e tw e e n trials, it can be seen that th e h ighe st f lu x e s w e r e seen w ith
the w h o le cell filtration.

T h is is p ro b a b ly to be ex p e cted , as the so lid s c o n c e n tra tio n w a s

lo w est in th is trial. T h e flux w as s ig n ific an tly lo w er w h e n the 0.8 p m m e m b r a n e w as used.
A lth o u g h the solids co n c e n tra tio n w a s h ighe st in this trial, th e m ain f a c to r t h o u g h t to lead to
the lo w er flux w a s the sim ila rity b e tw e e n th e size o f the solids and th e size o f th e m e m b r a n e
pores. T h e cell sp h e ro p la sts will h a v e a m e an size ~ 1 p m . This sa m e flux red u c tio n w ith
the in crease in pore size w a s also noted in C h a p te r 5.

T h e loss o f flu x p e r f o rm a n c e d u rin g the pulsed stages o f the 0.8 p m m e m b r a n e trial w a s
th o u g h t to be d u e to the red u c ed p e r m e a te collection tim e w hen pulsin g.

T h is c o m b in e d

w ith the fact th a t the pu lse s th e m s e lv e s are p o ssib ly u n able to r e m o v e m a te ria l w h ic h c a u s e s
the flux loss m e a n s that the flux will be lower. T he flux d ata can be c o r r e c te d to a llo w for
the clo su re tim e.

S ince the p e rm e a te valv e is o nly o p en for 60 % o f th e total p ro c e ssin g

tim e, the flux m a y be c o rrec ted by d iv id in g the m e asu red flux by 0.6 (F ig u r e 7.1-5). T h is
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correction returns the flux to the unpulsed level. This shows that the pulse either has no
affect at all on the performance, or that any improvement seen is so short-lived that the
fouling which occurs in the delay period (T] in Figure 7.1-1) whilst the permeate reservoir
is refilling negates the effect of the pulse.

It has already been noted that the flux performance was not improved by the application of
the permeate backpulse with the 0.8 pm membrane. As improvement was seen with the 0.2
pm membrane it is thought that the lack of improvement was due to a difference in the form
of fouling. It was thought that a proportion of the 0.8 pm membrane pores were completely
blocked by cells so that the area available for permeate is reduced. The transmission could
probably still be improved by pulsing, since there will be more localised polarisation at the
‘active’ pores, and so a higher transmission will be seen as long the fouling of these pores
can be controlled by the pulses. This appears to be the case, as the level of transmission is
higher when pulsing is used, and there is a good level of reproducibility between the first
and final filtration stages which are separated by a period of unpulsed filtration.

Transmission is improved in all cases by the application of backpulsing. With the 0.2 pm
trials the transmission is generally improved by 50 % (based on the unpulsed transmission),
while the 0.8 pm trial implies that there is a higher degree of improvement. However, the
unpulsed transmission is an order of magnitude lower than that seen in the
the

0 .8

0 .2

pm trial so

pm membrane trials were not continued.

The initial transmission values seen in the trials are slightly lower-than the subsequent
values.

This is because the permeate side of the module, and the membrane pores,

contained water at the start of the experiment (from the initial water flux measurement),
hence the first permeate samples were diluted. The hold-up on the permeate side has been
calculated as 45 mL for the piping and module volume. Thus at least 45 mL of permeate
will need collecting before the effects of the water initially present are reduced. Based on
the flux rates in this experiment, this will require approximately

10

minutes, and so the

transmission readings taken in this period will be artificially lowered.

One additional feature of the whole cell filtration trial (Figure 7.1-2) is that the transmission
levels during pulsing were very similar when pulsing is applied, but that a-amylase is
selectively transmitted once pulsing is stopped. This feature is illustrated clearly in Figure
7 . 1- 6 ,

_

where the specific protein activity of the permeate and retentate are compared.
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Where the transmission of a-amylase and protein are similar there will be little difference
between the permeate and retentate specific activity, this is seen in stage I of Figure 7.1-6
where pulsing was used. When pulsing is stopped (Stages II, II and IV) the specific activity
of the permeate rises away from the specific activity of the retentate, indicating a higher aamylase activity in the permeate compared with the protein.

It is interesting to note that in both of the trials where initial operating conditions were
repeated following an unpulsed filtration stage the performances returned to a similar level
to that seen in the initial stage. There is a small degree of hysteresis, but the degree of
recovery seen shows that in the

0 .2

p,m trials it is possible for the pulses to remove material

responsible for reducing the flux as well as the material responsible for reducing the
transmission. This would suggest that solids are being removed. This apparently low level
of hysteresis is important in terms of the methodology of the trials reported in the second
section of this chapter, as it is important that the membrane itself does not change
significantly during the trial where so many conditions are being tested, otherwise any
observations will be masked by changes in the membrane due to the extended processing
time.

The final feature of the trials which should noted is the retentate protein levels during the
trials. As can be seen from Figure 7.1-2, Figure 7.1-3 and Figure 7.1-4, the retentate protein
concentration remained essentially constant during each of the trials indicating that the cells
'and spheroplasts remain structurally intact during processing.
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Figure 7.1-5 Correction o f the 0.8 pm pulsed and unpulsedflux data (trial 14) fo r valve
closure time. A P p M ^ f ^

was used throughout the trial, and Vq was constant at 5.6 m

s~^. Stages 1 and 111 used the standard permeate backpulse, no backpulsing was used in
stage 11. The solid line shows the measuredflux, and the dashed line shows the flux
corrected fo r the permeate valve closure time during pulsing.
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Figure 7.1-6 The effect ofpermeate backpulsing on specific a-amylase activity filtration o f
a 6 g L'^ whole cell suspension (Trial 12). Permeate specific activity is shown by the open
symbols, and retentate specific activity is shown by the closed symbols. Stages 1 and 11:
P pM ^f ^
bar

<3776/ V(T o f 5.5 m s~^ using permeate backpulsing in stage 1. Stage 111 was at 2
^C o f 3.1 m s~^ and stage IV used P p M o f 4 bar and Vq o f 2.4 m s~^
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7.1.5 Conclusions on prelim inary backpulsing trials.

The data presented in this section indicate that it is possible to improve the transmission
performance in whole cell and cell spheroplast filtration in a range of situations. The effect
of permeate backpulsing on flux performance was less clear-cut, as the

0 .8

pm trial

suggested that there was no improvement in flux performance, whereas there was a small
degree of flux improvement with the 0.2 pm membrane.

This improvement in flux is

surprising if one considers the fact that the permeate is collected only for 60% of the
processing time. Thus, the pulse cycle used was capable of removing (or altering) the
fouling on the

0 .2

pm membrane to a sufficient degree that the volume of permeate

collected during T3 was sufficiently high to compensate for the permeate Tost’ during the
permeate valve closure, the opposite effect was seen with the

0 .8

pm membrane.

It was decided to continue the pulsed filtration studies with cell spheroplasts using 0.2 pm
membranes. The 0.8 pm trial was not repeated at this stage, as it was thought that the pulse
cycle may have required some optimisation for the larger pore size. Work did not continue
with the whole cells, as the spheroplast feed provided more of a challenge to the filtration
system. Also, the data collected in these trials was significant in other aspects of the study
of process flowsheet development.

A final conclusion which is worth re-emphasising is the degree of recovery in performance
seen when pulsing is restarted, as this means that it should be possible to investigate the
operation of pulsing and changes in the pulse profile using a multi-stage approach.
7.2 Studies on the influence of profile parameters on the pulsing performance.
7.2.1 Methodology for study of pulsed filtration.
The study of pulsing parameters required an investigation of several factors associated with
the pulse profile. A limited number of experiments were possible, and so the full factorial
design approach was not feasible.

This approach reduced the number o f fermentations

required to a reasonable level.

The key factors for investigation were identified to be the pulse frequency and the volume
of backflow. Two experiments were designed, taking into account the following factors:
• A filtration period o f ~40 minutes is normally required to reach steady state
during the first filtration period.
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•

Subsequent filtration periods could be reduced in duration to 20-30 minutes. A
stage of 30 minutes was selected to provide sufficient data points at each
condition.

•

With the exception of Trial 16, the cycle conditions were ordered so that the
‘standard’ conditions were always the first used. Subsequent conditions tested
were ordered so as to reduce any irreversible effects as much as possible. Thus
the conditions expected to cause the most fouling were always left to the end of
the trial. This ordering may lead to difficulty in interpreting some o f the results,
as the earlier filtration periods may be artificially biased by this approach, but
this bias will not prove as significant as any caused by irreversibly fouling the
membrane.

7.2.2 Investigation of backpulse frequency.
7.2.2.1 Methodology.
Here the standard filtration profile (Figure 7.1-1) was used, varying the cycle length in order
to achieve different pulse frequencies (see Table 7.2-1). Thus, the ratio of the backpulse to
collection was kept constant; allowing the effect of backpulse frequency to be studied in a
situation where the time for fouling removal changed by the same degree as the time
allowed for fouling to form. The air-pressure producing the backpulse was kept constant,
giving a consistent reverse flux, as other conditions were altered.
conditions were kept standard throughout this set of trials: PxM

Other operating

1 bar and N q was 3.1

m s"l. Permeate recycle was used in each stage to maintain a constant retentate solids
concentration.
Filtration

Duration

Frequency

T,

stage

(mins)

(Hz)

(s)

I

40

1

O.I

0.2

0 .6

O.I

II

30

2

0.05

O.I

0 .6

0.05

III

30

0.5

0.2

0.4

1.2

0.2

IV

30

0.25

0.4

0.8

2.4

0.4

V

30

no pulse

-

-

-

-

T^(s) T3 (s)

TXs)

Table 7.2-1 Summary o f pulse profde conditions used in the pulse frequency trial. T\ is the
duration o f the permeate backpulse,

^ the delay before permeation is started,

is the

permeation period and T4 is the delay between pulses. (See Figure 7.1-1).
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1.2.2.2 Results o f study o f effect o f backpulse frequency.
The performance seen during the filtration trial is shown in Figure 7.2-1, and the steady flux
and transmission at the end of each stage are summarised in Table 7.2-2.

During the first filtration stage the flux and transmission performance are high (compared
with the other stages in this trial). When the pulse frequency is doubled (to 2 Hz in stage II)
the transmission and flux performance gradually reduced. Reducing the pulse frequency to
0.5 Hz and then to 0.25 Hz led to a slight improvement in flux compared with stage II (but
flux was still lower than that seen in the first stage).

The transmission performance

remained the same as in the previous stage. When pulsing was stopped (Stage III) the flux
and transmission performance fell off significantly.

The retentate protein concentration

remained essentially constant throughout the trial. With the possible exception of stage V,
where the protein concentration appeared to increase, there is no clear reason for this.
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Figure 7.2-1 Trial 15, pulsed microfdtration o f a 26 g L~^ suspension o f cell spheroplasts
using a 0.2 pm ceramic membrane to investigate pulse frequency. A P j M ^ f ^

used

throughout the trial, and V(g was constant at 3.1 ms'^. Stage I: 1 Hz; Stage II: 2 Hz;
Stage III: 0.5 Hz; Stage IV: 0.25 Hz; Stage V: no pulsing. In the upper plot retentate
protein is shown as (^), and flu x as the continuous line. The lower plot shows the
transmission o f a-amylase (O) with the dashed line and total protein (U) with the solid
line. Summation o f the cell associated and ‘extracellular’ retentate protein levels shows that
a total o f 5.97 mg mL~^ o f protein were available.
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Filtration Stage

Jss ( X 10 '^ m s ')

Transmission (%)

1(1 Hz)

0.74

23(13)

II (2 Hz)

0.59

18(9)

III (0.5 Hz)

0.62

17(9)

IV (0.25 Hz)

0.62

17(9)

V (no pulse)

0.48

5(4)

Table 7.2-2 Performance at the end o f each stage during the investigation o f the influence
o f pulse frequency, Trial 15. The transmission performance is shown with a-amylase
transmission first, and total protein transmission in brackets.
1.2.2.2) Discussion of the pulse frequency trial.
The flux performance in the trial was generally worse than that seen in the trials with 0.2
pm membranes, as the fluxes are usually ~ 1x10"^ m s"L This is probably as a result of the
slightly higher than normal solids loading compared with the other ‘dilute’ trials, as
comparable flux performance has been seen with the more concentrated feeds (Chapter 6 ).

The flux behaviour was only altered slightly by changing the backpulse frequency. It is not
really possible to determine which frequency is most effective from data presented, as the
first filtration stage shows the best flux performance. The most significant falls in flux
performance occurred when the pulse frequency was increased to 2 Hz (Stage II), and when
the pulsing was switched off (Stage V). These falls suggest that the 2 Hz pulse may not be
as effective as the 1 Hz, but also that pulses with a 0.25 Hz frequency still offer a degree of
flux improvement compared with unpulsed filtration.

The transmission performance during the trial was also worse than that seen in previous
trials, as a pulsed filtration transmission of a-amylase of -70 % has previously been seen
(Figure 7.1-3). This, combined with the flux performance suggests that there was a higher
than normal degree of fouling during this trial.

The transmission of a-amylase is consistently higher than the total protein transmission
throughout the trial, but the transmissions move closer together when pulsing was stopped.
The highest transmission levels were seen during the first filtration period which had a 1 Hz
frequency, here the a-amylase transmission was 23 %, and the equivalent protein
transmission was 13 %.

Immediately after the pulse frequency was reduced to 0.5 Hz
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(Stage II) the transmission levels for both protein and a-amylase began to decline to 9 and
18% respectively. The fact that the drop was immediate implies that it was caused by the
change in operating conditions, rather than the change resulting from gradual (timeassociated) effects. The transmission levels remained essentially constant throughout the
third and fourth stages. There was then a significant loss in performance when the pulsing
was stopped. This shows that pulses can still control, to some extent, the fouling of the
membrane, even after 2 hours of filtration.

The fact that the 1 Hz pulse appeared to be more effective than the 2 Hz pulse may at first
seem surprising. However, if we consider the fact that the higher the frequency of the pulse
the lower the volume of the backpulse, a point will probably be reached where the volume
of the pulse is insufficient to provide a significant velocity in the membrane, so that the
pulses are no longer effective. The trial reported in section 7.2.4 assesses the effect of using
a longer backpulse (relative to collection time) whilst operating over the same range in
frequencies as was used here.
7.2.2.4 Conclusions of pulse frequency trial.
The data presented here shows that pulsed filtration provides a means of maintaining higher
flux and transmission performance during microfdtration.

No clear conclusion can be

drawn on the influence of pulse frequency. The 1 Hz pulses seem to be the most effective,
with the 0.5 Hz and 0.25 Hz pulses able to maintain a relatively constant performance level,
however the 2 Hz pulses led to a significant los^ in performance, this was thought to be due
to the lower backpulse volume the higher frequency leads to.
7.2.3 Influence of backpulse pressure.
The pressure of the backpulse would be expected to alter the performance of the backpulse,
as it is one of the two cycle characteristics which determine the volume of liquid
backpulsed. The duration of the backpulse will also alter the volume of the backpulse. In
this trial the same pulse duration was used, and the backpressure applied was altered. This
will alter the volume of the backpulse (see discussion in section 7.2.3.3)
7.2.3.1 Methodology.
The trial used the standard pulse profile, as described earlier (Figure 7.1-1) i.e. T%=0.1 s,
T2 = 0 .2

s,

T 3 = 0 .6

s

and T4 = 0.1 s. The (positive) PxM was maintained at 1 bar throughout,

so the resultant P tM when the pulse of air was applied was equal to the applied air pressure
minus 1 bar. Thus, one would expect a reverse permeate flow during the pulses of the first
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three filtration stages (Table 7.2-3), no reverse flow would be expected during Stage IV. No
change in PxM would be expected during Stage V, allowing the effects of the opening and
closing of the valves to be studied. Other workers have shown that the opening and closing
of the permeate valve causes sufficient flow disturbances to improve performance. (For
example in Boonthanon et al. 1991.)
Filtration

Duration

P bp

Pulse Ptm

Pulse

stage

(mins)

(bar)

(bar)

flow

I

40

2.5

-1.5

reverse

II

30

2

-1

reverse

III

30

1.5

-0.5

reverse

IV

30

1

0

none

V

30

0

1

forward

VI

30

no pulse

1

forward

VII

30

2.5

-1.5

reverse

Table 7.2-3 Pulsing conditions used during the trial investigating the effect o f backpulse
volume, Trial 16. P p p is the air pressure used to create the backpulse. A negative pulse
PpM ^^ows that the permeate will flow in reverse through the membrane (backpulse).
The ‘standard’ pulse profile was used for this experiment, i.e. a 0.1 s pulse with a frequency
of 1 Hz. All other operating conditions were as specified in Section 7.2.2. In order to
identify any irreversible effects, a final filtration period with the same operating conditions
as Period 1 was performed.
7.2.3.2 Results of the studv of backpulse pressure (i.e. volume).
The performance seen during the trial is shown in Figure 7.2-2, and the flux and
transmission at the end of each stage is also summarised in Table 7.2-4.

The flux appeared to decline almost continuously through the trial, regardless of changes in
the pulsing conditions. The transmission of a-amylase is initially higher than the protein
transmission, with a-amylase transmission at 52 % at the end of the first stage, (1.5 bar
backpulse pressure), the corresponding protein transmission was 22 %. In stages II and III
of the filtration, where there was still a reverse flow associated with the backpulse, the
transmission appeared to decline and settle to a steady value. In the second stage, where the
reverse pressure was 1 bar the transmission steadied to 30 % (a-amylase) and 11 %
(protein), lower values of

21

% and

10

% were seen when the net reverse pressure was

reduced to 0.5 bar in stage III. Almost as soon as the conditions were changed at the start of
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stage IV so that there was no reverse flow, the transmission performance reduced
significantly. Stages V and VI gave essentially the same performance, showing that the
opening and closing of the permeate valve (stage V) had no effect compared with the
performance in stage VI where the pulsing was completely stopped. The final filtration
stage (VII) used the same pulsing conditions as were seen in the first stage, with a reverse
pressure of 1.5 bar during the pulse. This led to a slight improvement in the transmission
performance to approximately the same levels as were seen at the end of stage III.
Filtration

Jss (x

10 '^ m s ')

Transmission(%)

stage
I (2.5 bar air)

1.1

52(22)

II (2 bar air)

0.94

30(11)

III (1.5 bar air)

0.79

2 1 ( 10 )

IV (1 bar air)

0.6 8

8(7)

V (0 bar air)

0.64

6(5)

VI (no pulse)

0.64

8 (6 )

VII (2.5 bar air)

0.64

18(12)

Table 7.2-4 Summary o f filtration performance during the trial investigating the influence
o f backpulse pressure, Trial 16. The transmissions are shown with the a-amylase
transmission first, and then the protein transmission. The actual pressure during the
backpulse will be equal to the applied air pressure minus 1 bar (the average retentate-side
pressure).
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Figure 7.2-2 Trial 16, pulsed microfdtration o f a 10 g L'^ suspension o f cell spheroplasts
using a 0.2 pm ceramic membrane, investigation o f backpulse pressure. A P p M o f 1 bar
was used throughout the trial, and Vq was constant at 3.1 m s~^. Stage I: 2.5 bar air (1.5
bar reverse pressure); Stage II: 2 bar air (1 bar reverse pressure); Stage III: 1.5 bar air
(0.5 bar reverse pressure); Stage IV: 1 bar air pressure (no reverse pressure); Stage V: 0
bar air (1 bar forward pressure); Stage VI: no pulsing and Stage VII: 2.5 bar air (1.5 bar
reverse pressure). In the upper plot retentate protein is shown as (M), and flux as the
continuous line. The lower plot show the transmission o f a-amylase (O) with the dashed
line and total protein (U) with the solid line. Summation o f the cell associated and
‘extracellular’ retentate protein levels shows that a total o f 3.28 mg mL~^ o f protein were
available.
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7.2.3.3 Discussion o f the investigation o f the influence o f backpulse pressure.

The exact linkage between the backpulse pressure and the volume of the backpulse is
unclear. Higher backpressures would be expected to lead to higher pulse volumes, permeate
side polarisation may influence the reverse flux so backpulse volume may not be directly
proportional to the reverse pressure. At the start of each pulse it is expected that there will
be some degree of solids polarisation as a result of the convective action of the permeation.
This, along with protein fouling will act to reduce the volume of the backpulse. As the
backpulse continues the volume per bar applied will probably increase, as the pulse would
be expected to increase the ‘porosity’ of the polarised solids.

Looking at the data collected in the trial, it is difficult to draw out any significant changes in
the flux performance as the pulsing conditions are altered.

The flux decline is almost

continuous, and is similar to that seen in a normal filtration trial. This is perhaps indicative
of protein fouling which the pulsing was unable to overcome. It is interesting to note that
the flux remains essentially constant between stages V and VI. This is despite the fact that
permeate is only collected for 60 % of processing time in stage V. This suggests that may
be a very small effect on the fouling which influences the flux even when there is no reverse
flow, as the actual flux through the membrane would have to be higher to compensate for
the closure period.

The transmission performance does not seem to be as continuous from stage to stage as the
flux performance; in each of the first four stages the transmission actually steadies, and a
new decline begins at the start of the next stage. The most significant loss in transmission
performance is seen when the pulse pressure was reduced so that there was no reverse flow
during the pulse (Stage IV). This indicates requirement for a reverse flow if a pulse is going
to be effective, Rodgers and Sparks (1991) reached a similar conclusion in a study of the
pulsed ultrafiltration of binary protein mixtures.

In general the backpulse pressure changes had little effect on the flux performance, but
appeared to strongly influence the protein and a-amylase transmission (this is indicated by
the rapid loss in performance when there was no net backpulse pressure).

Similar

improvements in transmission without flux improvement have been seen using the same
pulsing set up for microfiltration of yeast homogenate suspensions (original d.c.w.
50-280 g L 'l) by Levesley and Hoare, 1995. There was a partial recovery in transmission
performance when the pulsing conditions were restored to those used in the first filtration
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stage. However, the high degree of hysteresis and the declines in performance even under
pulsing conditions which have in the past led to little or no evidence of fouling suggest that
a higher degree of fouling occurred in this trial. The reason for this is unclear, though it is
possible that a higher proportion of the cells were damaged in the initial recovery step. The
retentate protein concentration remained essentially constant through the filtration,
indicating that there was no measurable release of protein.
7 .2 .3.4

Conclusions from studv of backpulse pressure.

It is difficult to make firm distinctions in the performance in terms of the flux. However, it
appears from the transmission data that pulsing only has a significant effect when there is a
reverse flow of liquid. It appears that the opening and closing of the permeate valve as in
stages IV and V of the trial has minimal effect on the system performance.
7.2.4 Additional study of the effect of pulse frequency for an altered pulse profile.
A further experiment was carried out using a pulse with a longer period relative to the
collection period, so that each pulse would be expected to be more effective. This should
mean that the lower frequency of backpulse still being capable of improving the
transmission performance.
7.2.4 .1 Methodologv.
The filtration periods used in the trial are described in Table 7.2-5.

The same pulse

frequencies were investigated as in section 7.2.2, but the ratio of permeation to backpulse
time was reduced from

6

to 2 .

Filtration

Duration

Frequency

stage

(mins)

(Hz)

I

40

II

T, (s)

Tz(s)

T3( s)

TXs)

1

0.2

0.3

0.4

0.1

30

2

0.1

0.15

0.2

0.05

III

30

0.5

0.4

0.6

0.8

0.2

IV

30

0.25

0.8

1.2

1.6

0.4

V

30

no pulse

-

-

-

-

VI

30

1

0.2

0.3

0.4

0.1

Table 7.2-5 Pulsing conditions used during the trial with a higher pulse length to collection
time, Trial 17.
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7.2.4.2 Results o f trial with altered pulse cycle.

The data for this trial is presented in Figure 7.2-3, and the performance at the end of each
stage is summarised in Table 7.2-6.
Once again, the impact of pulse frequency on the flux is unclear. The steady state fluxes
during the first three stages were very similar. The flux fell off quite significantly during
Stage IV.

There was a significant initial increase in flux at the start of the unpulsed

filtration stage. A rapid initial loss in flux was also seen when the pulsing was restarted.

The transmission of a-amylase remained essentially constant during the 1 Hz and 2 Hz
stages (I and II). Whilst the transmission of protein remained essentially constant during the
first stage at ~ 21 % there was a steady decline in protein transmission during stage II (2 Hz)
to a final level of 14 %. Decreasing the pulse frequency to 0.5 Hz appeared to have little
effect on transmission performance. An even lower frequency of 0.25 Hz only led to a
marginal reduction in the transmission performance. When pulsing was stopped (stage V)
there was a very significant decline in the a-amylase and protein transmissions to

~8

%.

The degree of selectivity for a-amylase was also lost. When the pulse is restored during the
final stage an element of transmission recovery returned, as the a-amylase transmission
returned to

20

% and the protein transmission returned to
Filtration

11

Jss (x 10'^ m s ')

%.
Transmission

stage

(%)

1(1 Hz)

0.8

-

34(21)

II (2 Hz)

0.73

31(14)

III (0.5 Hz)

0.73

30(15)

IV (0.25 Hz)

0.63

27(11)

V (no pulse)

0.59

8(7)

VI (1 Hz)

0.5

20(11)

Table 7.2-6 Summary o f the performance during the pulsed filtration trial with a higher
pulse to collection ratio, Trial 17.

147

Impacts o f separation processes on protein recovery from cells and cell spheroplasts.
Chapter 7. Microfiltration o f dilute streams: Enhancement ofperformance.

1.0 -,

C/5

B
o
Z

0.6

0.4 J

ïj
0.0

0

2000

4000

6000

8000

10000

12000

50-,
40-

20-

-o

10-

0

2000

4000

6000
TiriE(s)

8000

10000

12000

Figure 7.2-3 Trial 17, pulsed microfiltration o f a 15 g L~^ suspension o f cell spheroplasts
using a 0.2 pm ceramic membrane, investigation ofpulse frequency effects with a longer
backpulse length. A P p M ^ f ^

throughout the trial, and Vq was constant at

3.1 ms~^. Stage I: 1 Hz; Stage II: 2 Hz; Stage III: 0.5 Hz; Stage IV: 0.25 Hz; Stage V:
no pulse and Stage VI: I Hz. In the upper plot retentate protein is shown as (M), and flu x
as the continuous line. The lower plot show the transmission o f a-amylase (O) with the
dashed line and total protein (U) with the solid line. Summation o f the cell associated and
‘extracellular ’ retentate protein levels shows that a total o f 4.28 mg mL~^ o f protein were
available.
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7.2.4.3 Discussion of results from study with altered pulse profile.
The effect of pulse frequency on performance is unclear. The fact that the steady state flux
was more or less constant during the first three stages suggests that the 1 Hz, 2 Hz and 0.5
Hz pulses all have a similar impact on the flux performance. The 0.25 Hz pulse led to a
reduction in the pulse performance. This was thought to be because the pulses were then
too infrequent to remove all the fouling which occurred during permeation.

The sudden increase in flux when pulsing was stopped, and the loss in flux when it was
restarted again are also significant. Both these observations indicate that the pulsing may
actually be leading to a lower flux (because of the valve closure time).

These effects

indicate the importance of matching the valve closurexollection ratio with the pulse
frequency. If stages I and II Figure 7.2-1 and Figure 7.2-3 of are compared it can be seen
that there is little reduction of performance during the 2 Hz pulses in Figure 7.2-3, whereas
there was a loss in performance at the same frequency when the pulse was shorter compared
with the collection time (Figure 7.2-1). This indicates that the lower pulse volume during
the 2 Hz filtration stage of Figure 7.2-1 may indeed lead to a loss in pulse efficiency.

The transmission performance appears to be maintained during 1 Hz and 2 Hz pulsing, but
was slightly reduced during the 0.5 Hz and 0.25 Hz pulsed stages. The most significant
impact on transmission performance was seen when pulsing was stopped, as the
transmission then fell very rapidly. The 1 Hz pulses were still effective at reducing fouling
even after a period of unpulsed filtration
7.2.4.4 Conclusions on trials assessing the effects of pulse conditions on performance.
Once again, it is difficult to separate the long term fouling effects seen in the trial from any
changes in flux performance due to the changes in pulsing strategy. There is clear evidence
that the transmission performance is more noticeably influenced by the pulsing. It appears
from the data collected that the pulse frequency must be maintained above 0.25 Hz to give
an improvement in performance.
7.3 Overview of the effect of pulsed filtration on microfiltration performance.
In order to complete the assessment of the impact of permeate backpulsing on the
performance of the microfiltration system, the transmission data already discussed in this
chapter will be plotted against J/PtM>

in chapters 5 and

6.

The plots also show the

149

Impacts o f separation processes on protein recovery from cells and cell spheroplasts.
Chapter 7. Microfiltration o f dilute streams: Enhancement ofperformance.
correlation lines obtained using all the unpulsed

0 .2

p.m data, including the data from the

unpulsed stages of the pulsed trials (Figure 7.3-1).
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B 0.00585 0.00038

A -0.09379 0.02009
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R =0.90173
SD= 0.0396, N= 56

R =0.90949
SD= 0.06663, N= 59

Figure 7.3-1 Correlation o f all 0.2 pm unpulsed spheroplast filtration data.
In order to assess the full impact of the pulsing on the performance of the system, it is
important to consider the fact that the flux could be reduced by the pulsing, due to the valve
closures in the pulsation cycle. Thus, it is possible to plot two correlation curves, one using
the gross (‘as measured’), and another using the actual flux (corrected for the valve closure
time).
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Figure 7.3-2 shows the transmission performance plotted against the apparent transmittance
of the membrane calculated using the gross flux. In general, both the protein and a-amylase
transmission data lie on or above the correlation line. This shows that the use of pulsation
has led to a greater improvement in the transmission than in the flux; the same J/P t M has
associated with it a higher level of transmission than in the unpulsed trials.

In the second comparative plot (Figure 7.3-3) the transmittance is calculated using the
‘corrected’ flux, i.e. correcting for the valve closure times. The data is now shifted along
the J/P t M scale in such a way that there is no longer a greater improvement in the
transmission than in the flux.

The data has been shifted to the right of the unpulsed

correlation lines, this suggests that there is improved flux performance for the same level of
transmission, which appears unlikely. Care must be taken in interpreting the corrected data
as we cannot be sure that correcting the flux by accounting for valve closure is sufficient; it
is likely that the system itself will possess a certain amount of ‘elasticity’, so that a finite
length of time will be required after the relevant valve closures and openings before the flow
direction is reversed. If this leads to an overcorrection of the flux data, then the shift in the
data will be too far to the right.

151

Impacts o f separation processes on protein recovery from cells and cell spheroplasts.
Chapter 7. Microfiltration o f dilute streams: Enhancement ofperformance.

100-,

!"

I

40-

20-

0. 00'

0.50

1.00

1.50

200

250

0.50

LOO

1.50

200

250

100-,

sCO

H

60-

40-

20-

0.00

J

/P

(x 10 "^m s'^ bar *)

Figure 7.3-2 Comparison o f the transmission performance seen in pulsed filtration (0 = a amylase [2 =protein) with the correlation o f transmission and flux from unpulsedfiltration
trial. The upper plot shows the correlation and data fo r the a-amylase transmission, and
the lower plot shows the total protein transmission. The flux is presented as the gross flux,
i. e. with no correction fo r valve closure time.
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8. Microfiltration scale-up considerations.
8.1 Introduction.
The microfiltration data presented in the earlier chapters of this thesis deals only with a
relatively small scale microfiltration system.

The membrane area used in the studies

(0.0055 m^) is not comparable with the centrifuges which were available as alternative
separation techniques in terms of the rate of production of permeate (or in terms of
centrifugation, supernatant). The alternative use of centrifuges is discussed in detail in the
following chapter. However, based on experience of operation of the various centrifuges,
and considering the typical flux performance seen in the microfiltration studies, it is
apparent that a 0 . 1 - 0 .2 m^ membrane area would be required to provide the same product
recovery rate.

The aim of this chapter is to compare the performance of the 0.0055 m^ test membrane with
a larger membrane, and to begin to review process predictions using the smaller test
membrane. So, although the experiment is in strict terms a scale-up test; the information
collected can also provide a route to a scale-down procedure allowing process design and
prediction from studies with a smaller membrane and operating volumes.
8.2 Approach to scaling microfiltration.
As with any other unit operation, it is necessary first to identify the main parameters which
will influence the performance of the system, and then to identify a suitable scaling
parameter (which is kept constant between scales). Performance of any membrane system
is ultimately determined by the degree and nature of any fouling which takes place during
processing. Thus, the aim in identifying a scaling parameter is to consider the operating
parameters which influence the fouling. Whilst PxM

V q are often considered to be the

performance determinants, they are not strictly useful in a scale-up situation. It is often the
case that the geometry of a system alters as it is scaled, due to changes in the way
membranes are manufactured, or limitations in the way a module is constructed.

Thus

keeping N q constant may not lead to consistent fouling behaviour. The fluid mechanics of
a membrane system are quite complex, especially in a situation where a multichannel
membrane is used.

However, the problem of ensuring consistent performance between

scales is probably solved if one considers the role of shear at the membrane surface. The
shear rate at the wall is likely to directly influence the mode and degree of any fouling
which occurs, and so the shear rate provides a suitable parameter for scaling, as it not only
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describes in some way the fouling, but is also dependent on the system geometry, allowing
this form of changes to be taken into account as scaling is performed.

Other factors which also require consideration are the choice of membrane between scales,
and possible changes in the feed which may due to changes in the upstream process as the
process is scaled. Typically, a wide range of membranes will have been tested at a small
scale to identify suitable choices. If possible it may well be best to choose the smallest scale
of operation used so that the system is still one which has a means for providing crossflow.
If this is not possible the use of dead-end filtration may at least allow any material
incompatibilities to be identified.

In this study a single cylindrical ceramic membrane was used to perform the small scale
experiments.

In order to minimise changes in the performance due to altering the

membrane material, a

0 .2

m^ membrane manufactured by the same company was selected.

This membrane was of monolithic structure, with 19 flow channels of 4 mm diameter
arranged in a hexagonal array (3,4,5,4,3). The choice of a monolithic element allows a
larger filtration area in a smaller module than if several single cylindrical elements were
used in parallel, the sealing of the system is also simplified.

The use of a monolithic element may lead to flow distribution problems in that some of the
flow channels are actually under-used, and so fouling may not be the same in all channels.
This is particularly likely where the retentate stream has a high viscosity. —Poor flow
distribution may ultimately lead to mis-calculation ofihe velocities in each tube; this could
provide a means for the breakdown of the scaling relationship.

The flow conditions used for the small scale meant that the flow regime was turbulent.
Thus the shear rate at the wall can be estimated using either the Blasius equation or the
rough pipe model (Blasius assumes that the membrane has smooth walls, and also that the
fluid is Newtonian, see Appendix

8

for rheometric data). This approach was used, as the

pressure drop data collected for the smaller module indicated that the surface roughness was
very low (the ratio of the mean roughness to the flow channel width being < 5 x

1 0 "^,

based

on back-calculation of from the transcartridge pressure drop, using standard friction factor
charts (Coulson and Richardson)).
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A force balance along the ‘pipe’ gives:
TzDdL + pgdL =

jilf

dP
dP, dL

Eqn 8-1

PgdL

D
So, as long as the pressure change due to the liquid head is negligible 1, and that the flowrate
of permeate does not significantly alter the crossflow velocity Eqn 8-1 can be integrated to
give:

Eqn 8-2
If the fluid is considered to be Newtonian then:
% —p y w
Eqn 8-3
So Eqn 8-5 becomes:
o _4I
^TC
Eqn 8-4
Pressure drop along a pipe is given by D ’Arcy’s equation as:
Pfc =

IfL p u -

D
Eqn 8-5

Combining Eqn 8-4 and Eqn 8-5:
Yw =

L eI
2

p
Eqn 8-6

If the pipe is assumed to be smooth, then Blasius’ equation can be used to predict the
friction factor:

1 A typical fluid may have a bulk density, p= 1100 kg m‘3, so the head pressure per unit membrane length is
approximately 0.11 bar, and so this is considered negligible in the tw o membranes used here.
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/ = 0.0792 Re ■
Eqn 8-7
Combining Eqn

8 -6

and Eqn 8-7, and expanding Reynolds number:

= 0.0396

Eqn 8-8
Using Eqn
membrane.

8 -8

it is therefore possible to calculate the wall shear rate for a given (tubular)

In most cases a set of operating conditions would be chosen for the small

membrane, so that the appropriate crossflow velocity for the large membrane could then be
calculated. This was achieved using a spreadsheet-based iterative procedure (Owen, 1995).
8.3 Verification of scale-up by constant shear rate.
8.3.1 Methodology.
An experiment was performed using the two microfiltration rigs described in Chapter 2. A
cell spheroplast suspension was prepared using cells from a 450 L defined medium
fermentation of strain JM107 with construct pQR126. The cells were harvested using a
Westfalia disk stack centrifuge (model CSA-8 ) at a flowrate of 200 L h"l, discharging the
solids at 7 minute intervals. The cells were then resuspended in osmotic shock buffer to
make the volume up To 60 L (osmotic buffer components were added from a concentrated
slurry so that the final concentrations in the 60 L were 20 %w/v sucrose, 1 mM Na 2 EDTA
and 2.83 mg lysozyme per g d.c.w. of cells), and water was added to a final volume of 120 L
in order to complete the osmotic shock. The protocols are fully described in Chapter 2).

This resulting stream was then split so that

6

L of cell spheroplasts were processed in the

smaller rig, and 60 L of cells into the larger rig. A series of different operating conditions
were used in the smaller rig as shown in Table 8.3-1. This was to allow the pressure-flux
relationship to be investigated (stages I, II and III), and also to provide data using the small
membrane over several concentrations in the concentration range expected in the large
module.
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Stage

Ptm

(bar)

Vc

(m s-‘)

I

0.5

3.8

II

0 .8

3.9

III

1

3.8

IV

i/s

i/s

V

1

3.9

VI

i/s

i/s

VII

1

3.9

Table 8.3-1 Operating conditions used in the 0.0055 m^ membrane system fo r scale-up,
Trial 18(a). The stages marked i/s are the inter-stage concentration steps, these were
carried out in the stellated multichannel module (see Chapter 2). During interstage steps
the test membrane was in contact with the fe e d stream, and no flow occurred in the module.
The larger rig was run at first with V q and P jM specified to give the same performance as
in the small rig based on scale up by constant shear rate (Stage I). The subsequent filtration
stages used higher values of V q and P tM

order to assess the influence of operating

conditions on performance in the monolithic element (see Table 8.3-2 for details of the
operating conditions used). The crossflow had to be adjusted slightly during the 1.5 bar
filtration stages, as the pump efficiency rose with increasing retentate viscosity, stages IV
and V.
Stage

Ptm

(bar)

Vc (m s ')

I

1

3.6

II

1.1

6.4

III

1.5

7.7

IV

1.5

7.3

V

1.5

6.8

Table 8.3-2 Operating conditions used in the 0.2 m^ membrane system fo r scale-up. Trial

8.3.2 Results of the filtration runs at different scales.
The performance plots for the small and large membrane trials are shown in Figure 8.3-1
and Figure 8.3-2 respectively.
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Figure 8.3-1 Trial 18 (a), microfiltration o f a cell spheroplast suspension in the 0.0055 m^
membrane module. Stages 1 to 111 used a 28 g L'^ (d.c.w.) feed, with a P p M ^ f 0.5 bar, 0.8
bar, and 1 bar in stages 1,11 and 111 respectively, Vq was constant at 3.8 m s~^. The inter
stage concentration step (Stage TV) increased the solids concentration to 35 g L '^ fo r Stage
V where P p j^a n d V c were 1 bar and 3.8 m s~^. In Stage VI the retentate was concentrated
to 41 g L~^ fo r Stage Vll which used P t M ^ I ^

and Vc o f 3.8 m s~^. The upper plot

shows the flux performance is shown as the black line, with the retentate protein
concentration shown by ■. The protein (U, solid line) and a-amylase (O, dashed line)
transmissions are shown in the lower plot.
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Figure 8.3-2 Trial 18 (b), microfiltration o f a cell spheroplast suspension using the 0.2 m^
membrane. The experiment was run in concentration mode, with an initial fe e d
concentration o f 28 g L~^, and a final retentate concentration o f 32 g L~^ (both d.c.w.
basis). Stage I used V c = 3.6 m s'^, PpM ^ ^

Stage II was still at I bar P pM

was increased to 6.4 m s'^ the shaded area shows the transition period as conditions were
adjusted, in Stage III P p ^ was increased to 1.5 bar and Vc= 7.7 m s'^. Stage IV reduced
V c to 7.3 m s'^, and Stage V reduced Vc to 6.8 m s'^, with PpM ^^Pt oit 1.5 bar. In the
upper plot, the flux is shown by ■ with a dashed line. In the lower plot the protein (Q, solid
line) and a-amylase (O, dashed line) transmissions are shown.
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8.3.3 Discussion.
The data presented in Figure 8.3-1 shows the performance of the smaller microfiltration
module for the microfiltration of a cell spheroplast suspension under different
concentrations.

The first three stages were carried out without altering the retentate

concentration (by adding back the permeate to the feed tank). The P tm was progressively
increased from 0.5 to 0.8 and finally to 1.0 bar. The flux increased between the first and
second filtration stage, indicating that the flux was still dependent on the Ptm » ^nd that the
back transport of fouling and polarising species matched the rate of convection of material
to the membrane. The flux in the third filtration stage is lower than that seen in the previous
stage, indicating the onset of fouling, and showing that the ‘critical pressure’ of the
membrane had been reached for this feed and membrane (Field et a l, 1995).
observation of the critical pressure being in the range

0 .8

to

1

The

bar suggests that the

experiments reported in earlier chapters were carried out in the pressure independent region.

The flux performance does not appear to vary significantly with the concentration of the
retentate (once the initial higher flux associated with re-starting the filtration has been
accounted for) the flux appears to decline only slightly, and the level of decline seen is
similar to that which would be expected for the long term flux decline.

The transmission of a-amylase was consistently higher than that for total protein throughout
the trial. As would be expected, the highest levels of transmission were seen at the start of
the experiment, but there was a good degree of transmission recovery between the first and
second stages, where it had been necessary to stop filtration whilst operating conditions
were altered.

The performance curves for the larger module are shown in Figure 8.3-2. The flux was not
measured as frequently as with the smaller module, as a data logging system was not
available but it appears that the time variation was less than that seen with the smaller
membrane. Flux was nearly doubled by doubling the V q (as can be seen from the point in
stage II). Increasing the PxM A"om 1 bar to 1.5 bar appeared to have little effect on the flux,
but lead to a significant drop in the transmission performance (this would be expected, as
J/P tm would be reduced). The a-amylase transmission was again higher than the protein
transmission, but at the higher P tM

the transmission performance remained low for

both protein and a-amylase.
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Comparing Figure 8.3-1 and Figure 8.3-2 it can be seen that the flux performance was very
similar for comparable operating conditions. The comparison of transmission performance
show that initial transmission performance of the two systems was similar, but that the
larger module was soon performing less effectively. At the end of stage II of the larger
membrane trial the transmissions of protein and a-amylase were 5 and 7 respectively,
whereas at the end of the comparable stage III with the smaller membrane the protein and aamylase transmissions were 7 and 13.

One possible explanation for this was the increased level of polarisation which would occur
at the inlet to the larger module. A higher inlet retentate pressure would be required in this
module to achieve the same overall P jM as in the small membrane.

Another factor which is worth considering is the availability of material onto which protein
can be adsorbed: if the volume of support material is higher then the area on to which
protein can be adsorbed will increase significantly, with little effect on the flux determining
properties of the membrane:

For the smaller membrane the inner diameter (dj) of the cylinder was 7 mm, and the
external diameter (do) was 10 mm. This the volume of material available for adsorption is
given by Eqn 8-9, and the volume has been calculated as 1.0 x 10'^ m^:

Eqn 8-9
For the larger module, the volume available for adsorption can be calculated knowing the
volume a hexagonal rod with the same dimensions as the module, and then subtracting the
volume of the flow channels, each channel having a diameter (d^) of 4 mm. The element
has a cross section with sides of 15 mm (x) and a length, L of 864 mm, and the volume for
adsorption can be calculated from Eqn 8-10 as 3.0 x

1 0 "^

m^:

-x^Sin60°.1J - 1 9 . —4 1

f
2
^aJs = 6
, V2

Eqn 8-10
In order to compare the volume for adsorption it is perhaps better to consider the ratio of the
volume of adsorption and the area available for flux collection, 5.5 x 10"^ m^ for the small

162

Impacts o f separation processes on protein recovery from cells and cell spheroplasts.
Chapter 8. Microfdtration scale-up considerations.
smaller membrane, and 1.5 x 10“^ m^/m^ for the larger membrane.

Thus the volume

available for adsorption per unit filtration area is actually smaller for the larger membrane,
this still does not fully rule out the possibility of increased protein adsorption due to changes
in the membrane geometry, as there is potentially a longer path for the permeate to pass
through before it is free of the membrane support when the monolithic element is used.

The retentate protein concentration does not allow assessment of the degree of spheroplast
breakage as in the earlier trials, this is because the trials were carried out in concentration
mode.

Thus, the retentate protein level would not be expected to remain constant as

peremate is removed. A protein mass balance must be performed to assess the protein
levels in the inlet and outlet streams to determine whether any additional protein is released.

For the larger membrane system, an initial volume of 60 L of material was added to the rig,
and the available soluble protein level in this stream was 3.4 g L"l.

20.5 L of pooled

permeate was collected, with a protein level of 0.132 g L"l, and the remaining retentate
(40 L) had a protein level of 4.1 g L"l. Thus the input and output protein masses were 187 g
and 144 g respectively. This loss of protein suggests that there was a significant level of
protein adsorption during processing. A similar mass balance can be made for the 0.0055
m2 membrane system, this gave 18.7 g protein in the feed, and 14.7 g of protein were
accounted for in the permeate.
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Figure 8.3-3 Schematic representation o f the mass balance fo r the 0.0055 rrp- membrane
trial.
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39.5 L total
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4.1 g L ' protein
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PERM EATE
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187 g
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144 g
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Figure 8.3-4 Schematic representation o f the mass balance fo r the 0.2 m^ membrane trial.
The mass balance data presented in Figure 8.3-3 and Figure 8.3-4 shows that there is a
reduction in the accountable protein level between the feed and product streams. Thus it is
not possible to say conclusively whether or not additional protein release (and cell breakage)
occurred during processing. However, retentate protein data presented in Figure 8.3-1 for
the filtration trial using the smaller (0.0055 m^) membrane suggests that the protein level
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remains constant within each set of stages where the retentate concentration was considered
to be constant, suggesting that there is little or no release of protein during processing.
8.3.4 Conclusions on preliminary scale-up study.
It has been possible to provide a relatively good correlation between the fluxes in the small
and large membrane systems by using a scale up procedure based on maintaining a constant
shear rate at the membrane surface. The transmission performance did not correlate as well
between scales, with the larger monolithic element performing less favourably when
comparable operating conditions were used at both scales. There are possible reasons for
this behaviour; a higher degree of polarisation would be expected at the entrance to the
larger membrane, as a higher inlet pressure is required to maintain the same P t M with the
longer membrane. The increased passage length for permeate may also cause problems, as
there will probably be increased adsorption of foulants onto the membrane support material.
Whilst adsorption may not affect the flux (the size of the ‘pores’ in the support will not play
a significant role in determining the flux rate), but additional protein fouling can still
influence the transmission due to protein-protein interactions.

Protein mass balances on the small and large microfiltration modules have shown that the
level of protein in the outlet streams is lower than that in the inlet. This difference in
protein level indicates that protein adsorption occurred during the microfiltration. It also
suggests that no additional protein was released during processing.

Further work will be required to assess fully the scale-up rules for this forrn of membrane,
and possible experimental approaches are discussed in Chapter 10.
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9.

Process design for recovery of proteins from cells and cell spheroplasts.

In this chapter data is presented from centrifugation and microfdtration trials performed on
whole cell and cell spheroplast solid-liquid separation steps.

The process design

implications associated with the choice of unit operation are then discussed, in terms of the
development of a generic downstream processing strategy for the recovery o f a periplasmic
product.
9.1 Introduction.
The advantages and disadvantages of using a periplasmic expression system for the
production of heterologous proteins have already been discussed (Chapter 1), as have the
main process design implications. The basic primary processes for the different classes of
product are outlined in Figure 9.1-1.
FERMENTATION

CRUDE
PRODUCT
RECOVERY

PRIMARY
CELL
RECOVERY

CELL
RECOVERY

PRODUCT
PURIFICATION

PRODUCT
RELEASE

PRODUCT
RELEASE

-PRODUCT
RECOVERY

PRODUCT
RECOVERY

PRODUCT
PURIFICATION

PRODUCT
PURIFICATION

Periplasmic
product

Intracellular
product

Fully-excreted
product

Figure 9. l- I Differences in downstream processing stages, depending on product location.
The key feature to notice from Figure 9.1-1 is the fact that there are more processing stages
required for a periplasmic and intracellular products. However, it is thought that this would
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not pose a significant problem if the stages are all sufficiently well designed considering the
disadvantages often seen in extracellular product location.

The key aims of each processing stage for a periplasmic product are shown in Table 9.1-1.
Process stage

Aims

Options

Primary cell recovery

To remove contaminating

Centrifugation.

fermentation broth components and

Microfiltration.

by-products without loss of the

Gravity settling.

product.
Product release

Product recovery

To release selectively the

Chemical permeabilisation.

periplasmic product (i.e. no release

Homogenisation.

of cytoplasmic material).

Osmotic Shock.

To obtain a product rich stream

Centrifugation.

without increasing contaminant

Microfiltration.

levels, or inactivating the product.
Product purification

To obtain the product to the required

Usually chromatography and affinity

level of purity.

based techniques.

Table 9.1-1 Summary ofprocess stage aims fo r recovery o f a periplasmic product, and
various processing options.
For efficient cell recovery it is not only important that as many of the cells are recovered as
possible, but that cell breakage during recovery is limited, otherwise there would be a
premature release of the product, perhaps into a stream from which it would not readily be
recovered.

The two most realistic processing options here are microfiltration and

centrifugation. Gravity settling would only be feasible if the cells were particularly dense,
or perhaps with the addition of a flocculant, otherwise processing times are too high.

The selective release of the periplasmic product has been studied by many workers (see
Chapter 1). Various techniques are available, the most suitable probably being chemical
treatment or osmotic shock.

The use of homogenisation would be difficult, as careful

control of the operating conditions would be required to prevent complete cell breakage.
Homogenisation may become more feasible in a situation where rapid on-line measurement
for intracellular markers and the product was available.

The advantages of chemical

treatment and osmotic shock are discussed in Chapter 1. In this study an osmotic shock
procedure has been employed (French, 1993).
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Once the product has been released from the cells the final primary processing step is the
removal of the cellular material, leaving a product-rich liquor. The exact requirements for
this processing step are very much dependent on the available technology for product
purification. Recent advances in chromatography techniques have led to the development of
media which can still function with feeds containing solid material, where the
chromatography is operated in expanded bed mode, rather than with the ‘traditional’
packed-bed. However, if one considers the more traditional case, there would have to be a
very low level of solids in the product rich stream to allow successful purification. This
may affect the suitability of a centrifugation based processing step. Apart from the product
quality issue, the potential for product contamination still must be considered.

In the following sections the data collected during microfdtration and centrifugation trials
will be presented, to allow the comparison of centrifugation and microfdtration for the cell
recovery and spheroplast removal steps in a periplasmic production process which uses an
osmotic shock-lysozyme treatment step for the selective release of the product.
9.2 Summary of microfiltration data significant in process design.
The previous chapters have presented microfdtration data from different processing
scenarios.

In this section the most important performance parameters and key issues

associated with process design will be summarised.
9.2.1 Summary of performance data.
9.2.1.1 Whole cell microfdtration.
A limited amount of work was carried out on whole cell microfdtration, as the data
collected from spheroplast microfdtration was considered to be more useful in terms of
process design. The data is presented more fully in Chapter 7, but the main performance
details are given in Table 9.2-1.

The best performance was seen with pulsed filtration at low Pt m - ^ higher PxM without
pulsing led to significant reduction in both flux and transmission performance.

This

behaviour would be expected, considering that the operating conditions which will lead to
higher levels of fouling. The data therefore suggest that cell recovery using microfdtration
will be most effectively achieved using low Pt m ’^ with permeate backpulsing. As was
stated in Chapter 7, the retentate protein level remained essentially constant during the trial.
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suggesting that there was very little additional damage to the cells as they were recovered
using microfiltration.
Operating conditions

Performance
Flux ( x 10'^ m s"')

Transmission (%)

Best

1 bar PjM pulsed

2.4

78(82)

Worst

4 bar P™ unpulsed

1.5

28(16)

Table 9.2-1 Summary o f microfdtration performance fo r 0.2 pm membrane microfdtration
o f whole cells. The transmission data is given with the a-amylase transmission first, and
then the protein transmission in brackets, (see Chapter 7fo r further details).
9.2.1.2 Spheroplast microfiltration.
The majority of the microfdtration trials reported in Chapter 5,

6

and 7 used cell

spheroplasts as the feed. Both 0.2 pm and 0.8 pm membranes were used. Both pulsed and
unpulsed filtration trials have been performed. The data presented in Table 9.2-2 and Table
9.2-3 below gives the best and worst performance with each processing situation.

The best performance is normally seen during the first stages of the trials, and the worst
performance is seen in the later stages of the trials.

This would be expected where

hysteresis was seen due to the fouling of the membrane during processing. This problem
was observed especially in the trials where concentration was varied during processing by
the use of interstage concentration steps. The extended operating periods required, and the
fact that the test membrane was in contact with potential foulants throughout the interstage
steps probably increased the degree of membrane fouling.
Trial

Operating conditions

Perfon ■nance
Flux ( X 10’^ m s ')

Transmission (%)

Best

1(1)

1 bar Ptm

3.3 m s '

1.1

30(15)

Worst

9(111)

1 bar Ptm,

4.2 m s'*

0.4

205)

Table 9.2-2 Summary o f 0.2 pm unpulsed spheroplast fdtration performance. The best and
worst performance is shown. The trial column contains the trials number followed by the
stage number in brackets. The feedfrom trial 1 was an 18 g L~^ (d.c.w.) cell spheroplast
suspension. Stage 111 o f trial 9 used a 4 2 g L~^ (d.c.w.) suspension o f spheroplasts.
The data in Table 9.2-3 shows the best and worst performance levels seen in the pulsed
filtration trials with a 0.2 pm membrane. Where the standard pulse profile was used the
pulsing led to a significant improvement in the flux and transmission performance, but the
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trials where the pulse profile was altered indicated that the performance levels were altered
by changes in the profile. This gave indications of ways of improving the pulsing strategy
to give better performance. These aspects are discussed in full in Chapter 7.
Trial

Operating conditions

Performance
Flux ( X 10'* m s ’)

Transmission (%)

Best

13(1)

1 bar PjM Vc 3.1 m s"'

1.8

68 (32)

Worst

15(11)

1 bar Ptm, vc 3.1 m s '’

0.59

18 (9)

Table 9.2-3 Summary o f 0.2 pm pulsed spheroplastfiltration performance. The trial
column shows the trial number (from Chapter 7) and also the relevant stage number within
that trial (in brackets). The fe e d fo r trial 13 was a 15 g L~^ (d.c.w.) spheroplast suspension.
In trial 15 a 26 g L~^ spheroplast suspension was used.
Only a limited number of trials were carried out using the 0.8 pm membrane. As can be
seen from the data in Table 9.2-4 the performance of these membranes was worse than that
seen with the 0.2 pm membranes. This loss in performance when the membrane with the
larger pore size was used was thought to result from a change in the dominating fouling
mechanism, with a higher amount of pore blocking be spheroplasts occurring with the
0 .8

pm membrane.
Trial

Operating conditions

14(1)

1 bar Ptm, vc 5.6 m s'’

Performaince
Flux ( X 10'* m s ’)

Transmission (%)

0.4

7(6)

Table 9:2-4 Summary o f 0.8 pm unpulsed spheroplast filtration performance. The trial
column shows the trial number (from Chapter 7) and also the relevant stage number within
that trial (in brackets). The fe e d fo r trial 14 was a 20 g L~^ (d.c.w.) spheroplast suspension
with a retentate protein level o f 3.5 mg mL~^ a total o f 7.92 mg mL~^ o f protein was present.
9.2.2 Effect of microfiltration on structural integrity of cells and spheroplasts.
In the figures in Chapters 5,
the trials.

6

and 7, the retentate protein level has been plotted throughout

In general, it can be seen that the retentate protein concentration remained

essentially constant throughout each microfiltration stage. Thus, there was little, or no,
release of additional protein into the retentate during processing, showing that cell or
spheroplast integrity is not compromised by microfiltration. This finding may not be true
with all microfiltration systems, or indeed with all cellular species, but may be dependent on
the pump design, and also on the membrane configuration. As breakage may also be related
to the number of cycles through the feed pump, then a larger membrane area may also
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reduce breakage, as the same degree of dewatering would then be achievable with fewer
passages round the system.
9.2.3 Choice of membrane.
In the studies presented here, a-alumina ceramic membranes have been used throughout.
The choice of this form of membrane allowed for re-use o f the membranes as they were able
to withstand quite harsh cleaning regimes. Another key factor was the structure of the
membrane. As the membrane was rigid it was possible to use backpulsing techniques to
improve the performance.

Some microfdtration of spheroplasts has also been performed using a 0.16 p.m polyether
sulphone membrane in a MAXIMATE EXT system (Filtron) (area=4 ft^, 0.372 m^). The
transmission performance with this membrane appeared to be worse than that seen with the
ceramic membrane.

This could be a function of membrane material.

Also, the higher

operating temperature may promote protein aggregation due to partial unfolding of the
proteins (Kroner et a l, 1984 and Campbell et a l, 1993).

Additional studies would be

required to assess the suitability o f this, and other alternative types of membrane.

Two pore sizes of a-alumina membrane were used in the trials: 0.2 jim and 0.8 jam. The
better performance was seen with the 0.2 pm membrane.

This type of performance

improvement has also been seen by other workers (Brown and Kavanagh, 1987, Attia et al.
1991, Bailey et a l, 1990), some have even found that an ultrafiltration membrane gave
better flux performance than a microfiltration membrane for a microfdtration application
(Lee, 1989, Gatenholm et a l, 1988). The reasons for this are not fully understood, but the
generally accepted explanation is that the smaller pore-size does not allow solids to pass
into the pores of the membrane. The solids collect on the surface of the membrane instead,
leading to a fouled membrane with a higher effective porosity than would be seen if a larger
pore size were used.
9.2.4 Operating conditions.
The data presented in Chapters 5, 6 , and 7 suggest that operation at a lower P'pjyi will give
better flux and transmission performance. This observation has also been made by other
workers (e.g. Lee et a l, 1992), and may be a result of increases in irreversible fouling due to
the higher driving force at higher transmembrane pressures.
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9.2.5 Conclusions on the process design implications of microfiltration.
The summarised microfiltration data allows the most effective approach to take if
microfiltration were to be used for either the cell recovery or cell spheroplast removal steps
to be identified. Pulsed microfiltration with a low forward ?TM
with a

0 .2

a high reverse ?TM

mm membrane appears to provide suitable levels of flux and transmission for

both process steps, without leading to significant levels of protein release.

Further investigations into the impact of choosing a different membrane (i.e. a smaller pore
size or a different material) would be required to determine whether or not the operating
parameters identified are the most effective.
9.3

Summary of centrifugation data.

Centrifugation has been used throughout the project in the preparation of the spheroplast
stream for use in microfiltration. Various trials have also been performed to assess the
performance of different types of centrifuge. The summarised data from these trials will be
presented, along with a more detailed analysis of the performance of two disk stack
centrifuges.
9.3.1 Comparison of different solids-retaining centrifuges.
Tubular bowl and multichamber centrifuges were used. The performances are compared in
Table 9.3-1 to Table 9.3-3. The performance is measured by comparing the feed and pooled
supernatant protein level. The feed level was obtained by assaying the supernatant from a
sample spun in an eppendorf centrifuge (10 000 rpm for 10 minutes). It was assumed that
this form of centrifugation would cause little damage to the cells. The feed concentration
can then be directly compared with the supernatant concentration, as there is no need to
correct for the solids fraction.
9.3.1.1 Whole cell centrifugation.
The data for whole cell centrifugation is presented in Table 9.3-1 and Table 9.3-2. Table
9.3-1 shows that there is a considerable level of protein released into the supernatant when
the tubular bowl centrifuge was used to process cells grown on complex (TBK) medium.
Whilst there was also some release of protein when the multichamber centrifuge was used,
the release level was much lower. The feed for the first of the MCC trials was probably of a
lower quality, as the fermenter was crash cooled for

2

hours before harvesting was started,

this may have promoted cell lysis.
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Trial

Feed (mg mL ')

Supernatant (mg mL ')

Total (mg mL ')

%
release

TBC

0.58

1.08

1.33

67

MCCl

0.45

0.52

0.65

35

MCC2

0.21

0.23

1.54

2

MCC3

0.44

0.52

4.6

2

Table 9.3-1 Summary o f centrifugation data collected during whole cell harvesting o f E.
coli cultured on TBK. Two centrifuges were used, the KDD605 multichamber centrifuge
(MCC) and a Sharpies IP tubular bowl centrifuge (TEC).

.

The harvesting of whole E. coli from defined medium fermentations is summarised in Table
9.3-2.

There is a considerable variation in the feed protein levels, due to the different

fermentation protocols used to produce the feeds.
material for the feed.

TBC 1 and TBC 2 used fed batch

Fed batch fermentation broths have been seen to have a higher

extracellular protein content than batch fermentation broths. This is because there are more
generations present in a fed-batch culture (the fermentations are longer), and so more cells
will lyse during the fermentation due to cell death. Generally, protein release was seen
during centrifugation, but comparing the release to the total amount of protein available, the
level of breakage appears to be low, especially compared with that seen during
centrifugation of whole cells which had been grown on complex medium.
Trial

Feed (mg mL ')

Supernatant (mg mL ')

Total (mg mL ')

% release

TBCl

0.53

0.69

7.31

2

TBC2

0.53

0.57

7.31

0.6

TBC3

0.16

0.27

2.81

4

TBC4

0.26

0.44

5.39

4

TBC5

0.21

0.19

0.38

0

TBC6

0.27

0.32

6.61

0.8

TBC7

0.31

0.48

6.28

3

TBC8

0.18

0.26

4.55

2

Table 9.3-2 Summary o f whole cell harvesting from defined medium fermentations using the
Sharpies IP tubular bowl (TBC) centrifuge.
9.3.1.2 Spheroplast removal bv centrifugation.
Table 9.3-3 compares the performance of the tubular bowl and multichamber centrifuge for
the recovery of cell spheroplasts produced from complex medium fermentations. Clearly,
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comparing Table 9.3-1 and Table 9.3-3 the tubular bowl centrifuge has much less of an
effect on the cell spheroplasts: whilst there was some protein release during processing, it
was much less than that seen with whole cells.

These results suggested that the cell

spheroplasts were actually more resistant to shear than the whole cells, which was in some
ways an unexpected result.

This hypothesis was investigated further by performing an

homogenisation experiment (see Appendix 9). The data collected showed that at the typical
operating concentrations the rate of protein release as a function of homogeniser operating
pressure was lower with cell spheroplasts than with whole cells, implying the spheroplasts
are harder to break open.

The results from the MCC show a higher release of protein from the cell spheroplasts than
from whole cells. This is possibly because the heating of the cells as they were collected in
the first MCC centrifugation (i.e. primary cell recovery) has weakened the cells so that the
spheroplasts formed are themselves weaker.
Trial

Feed (mg mL ')

Supernatant (mg mL ')

Total (mg mL ')

% release

TBC

0.67

0.81

1.66

14

MCC

0.30

0.37

1

10

Table 9.3-3 Summary o f centrifugation data collected during spheroplast removal using
spheroplasts produced from E. coli cultured on TBK. The KDD605 multichamber
centrifuge (MCC) and a Sharpies IP tubular bowl centrifuge (TBC) were used.
9.3.2 Solids discharging centrifuges.

~

This form of centrifuge may have advantages over the solids retaining machines discussed
earlier. Solids discharging centrifuges allow solids recovery without having to dismantle
the centrifuge.

This means that the risk of operator contact with potentially hazardous

cellular material is also reduced. Both whole cells and cell spheroplasts were also processed
using two different disk stack centrifuges (the Westfalia SAOOH which was operated in full
stack and scale down modes, and CSA-8 ). The aim of the trials was to predict the expected
performance of the disk-stack type centrifuge for the two solid-liquid separation steps.
9.3.2.1 Scale-down operation of a centrifuge.
The aim with scale-down of a unit operation is to predict the performance of a unit
operation based on experiments with a small amount of material. This then allows for the
acceleration of process design, as downstream processing data collected early in process
development (when only small amounts of broth are available) is more meaningful. The
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classic case to consider is centrifugation. Initial feasibility studies may be carried out using
lab scale batch centrifuges, which if they are not operated carefully, could lead to an
overprediction of the performance at a larger scale, where a centrifuge capable of a lower
‘G ’ would have to be used.

There are three approaches to scale-down:
• Operation of an analogous piece of equipment under carefully selected
conditions to mimic the expected performance of the large scale apparatus, e.g.
operation of a lab centrifuge at a lower than ‘standard’ speed, so that
performance is not as efficient.
• Use of modified pilot scale equipment, so that lower processing volumes are
required.
• Use of a fully scaled model of the required unit operation.

The trials described in the following sections fall into the second and third approaches: the
SAOOH has been operated in a standard configuration (i.e. a fiill stack of discs) and also in
a modified configuration, with a reduced number of discs (giving a smaller separation area
(see Appendix 5)), and with inserts to reduce the solids holding space in the same
proportion as the separation area reduction.

The limitation of this approach is that no

changes were made to the feed zone, so that it is possible that the scale down configuration
may have lower shear levels in the feed zone. The data collected from the full-stack version
of the SAOOH may also be considered as scale down data for the larger CSA -8 centrifuge,
as in the third approach listed above.
9.3.2.2 Whole cell centrifugation.
Comparison of operation of the SAOOH and the CSA-8 for whole cell processing.
The recovery of whole cells from fermentation broths was investigated with the SAOOH
centrifuge in full-stack and scale down configurations, and also in the CSA -8 centrifuge.
Various feed flowrates were used in order to obtain a curve for recovery versus Q/E (Figure
9.3-1).

The data in Figure 9.3-1 shows that the full stack performance of the CSA - 8 and SAOOH
centrifuges is very similar. The performance is slightly better with the CSA -8 for the same
Q/E value.

This would be expected considering the lower cell density of this feed.

Comparing the scale down and full stack performance seen with the SAOOH (open and
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closed squares respectively), it can be seen that the scale-down performance is better than
the full stack performance. This is thought to be a result of shear effects in the feed zone.
As the feed zone unchanged by the scale down, so because lower flowrates are used, lower
feed zone shear levels would be expected. Thus there will be a lower degree of cellular
breakage in the feed zone, during scale down operation, so performance will be slightly
better than that seen with the full stack.
100- ■ # 0 -0 ^ 0

^

□

60-

I

■

8 4020-

Figure 9.3-1 Recovery o f whole cells in disk stack centrifuges, comparison o f the SAOOH
with a fu ll disk stack (■ ) and in scale down (□ ) with the CSA-8 ( • ) . The SAOOH
experiments used a 13 g L~^ (d.c.w.) feed, and the CSA-8 trial used a 6 g L '^ feed.
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Figure 9.3-2 Breakthrough curves fo r SAOOH (full stack ■ and scale down \2) a 13 g L '^
(d.c.w.) whole cell fe ed was used, the feedflowrate was 31.8 L hr^ with the fu ll disk stack,
and 11 L h~^ in scale down mode Q /E 5.77 x 10~^ m s~^ and 9.19x 10~^ m s~^ respectively.
The comparative breakthrough curves for the operation of the SAOOH in full stack and
scale down modes are shown in Figure 9.3-2. Although it was intended to operate the
centrifuge with Q/Z constant between scales operation this was not possible, as the pump
used for the pilot scale work was not working effectively. This meant that the Q/Z used in
the pilot scale trial was lower than that used in scale down (5.77 x 10"9 m s“l and 9.19 x 10"
9 m s"l respectively).

This change in the Q/Z would be expected to lead to better

performance (and hence slower breakthrough) in the pilot scale (full stack) situation. The
opposite situation was seen, with solids breaking through earlier in the pilot scale trial, once
again indicating the increased shear in the pilot scale set up, and the higher degree of feed
zone breakage.

Figure 9.3-3 shows the solids breakthrough curves for whole cell centrifugation in the CSA8.

As would be expected, a longer periods of operation were possible before breakthrough

when lower flowrates were used.

However, as the recovery performance was not

significantly reduced by operation at higher flowrates (see Figure 9.3-1) there was no
advantage seen in operation of the CSA-8 at a lower flowrate.
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Figure 9.3-3 Solids breakthrough curves fo r the CSA-8 centrifuge operating with a fu ll
stack. A 6 g L '^ (d.c.w.) fe ed o f whole cells was used, with various fe ed rates.
Effect of disk stack centrifuges on whole cell integrity.
The SAOOH centrifuge was operated with a full stack with a feed flowrate of 31.8 L h"l to
recover the cells from a 450 L batch fermentation (dry cell weight of feed was 13 g L"l).
The solids were discharged at

8

minute intervals.

Following each discharge, it took 1

minute for supernatant to start flowing again. The solids recovery at this flowrate was 98.8
%.

Assays were performed on the lab-spun supernatant from a feed sample, the pooled
supernatant, the supernatant from discharged solids and the undischarged solids.

The

protein concentrations in each of these streams are summarised in Table 9.3-4, along with
the volume fraction of solids. In order to assess the effect of the centrifugation on the cells,
it was necessary to normalise the readings from the solids samples back to the feed volume
fraction of solids to account for the change in solids fraction. (See Appendix 10) This was
done by calculating the volume of supernatant that would be needed to restore the
discharged and undischarged solids back to the same solids fraction as the feed, and so
allowed the effect of discharging to be assessed. This data is presented in Table 9.3-5 and in
Figure 9.3-4.
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The CSA -8 centrifuge was also used for cell harvesting. Four different flowrates were used
during the trials. The feed, supernatant and discharged solids samples were assayed for
protein activity. Again, the supernatant from the solids sample was assayed, and the data in
Table 9.3-6 shows the raw data for the protein concentration of each stream, and also the
appropriate solids fractions. This data has been used to normalise the protein concentration
in the solids sample as in the SAOOH trial, this data is presented in Table 9.3-7.

The disk stack centrifugation data in Figure 9.3-4 and Table 9.3-7 shows that there is an
element of protein release into the supernatant during centrifugation in either the SAOOH or
the CSA -8 centrifuge.

However, there is a more significant increase in the normalised

solids discharge level. It is interesting to compare the protein levels in discharged and
undischarged solids (this was only possible with the SAOOH centrifuge which was readily
dismantled to allow a sample of undischarged material to be taken). It can be seen from
Figure 9.3-4 that the protein level was higher in the discharged solids than in the
undischarged sample. The % of total protein released was increased from

6

% to 18 % upon

solids discharge (Table 9.3-5).

The protein release figures for the solids discharge and undischarged solids suggest that
there will be large amount of cell debris present in the discharge stream.

When the

discharge provides the feed for the next process step the presence of cell debris could be
very significant.

It is unlikely that cell debris will be recovered by a subsequent

centrifugation step, so its formation must be minimise.

This shows that a key area for

improvement in the design of the disk stack type of centrifuge is the discharging system, as
then it may be possible to recover the solids for further processing.
Stream

Protein (mg mL ')

Volume fraction

Feed (bench spun).

0.45

0.065 (unspun)

Supernatant.

0.63

-

Undischarged solids.

1.24

0.458

Discharged solids.

6.24

0.445

Homogenate

4.14

-

Table 9.3-4 Raw protein data from pilot-scale SAOOH centrifugation o f whole cells. The
13 g L '^ (d.c.w.) feed was centrifuged with a fe e d flowrate o f 31.8 L h~^, (Q/Z=5.77xl0~^
m s'^). The available protein was determined from an homogenised sample (200 bar 3
passes in the Lab40 homogeniser).
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Stream

Protein (mg mL "')

% release

Supernatant.

0.63

5

Undischarged solids.

0.68

6

Discharged solids.

1.12

18

Table 9.3-5 Summary ofprotein release during pilot scale centrifugation o f whole cells
using the SAOOH with a 13 g L~^ feed, andflowrate o f 31.8 L hr^ (Q/Z=5.77x10~^ m s'^).
(The data fo r the solids samples has been normalised to the same solids fraction as the feed,
calculating the volume o f supernatant that would be required fo r dilution (see Appendix 10).

S 0.8

bX)

0.4

Feed

Super

Undisch

Disch

Figure 9.3-4 Protein levels in the various streams from the SAOOH pilot scale trial.
Protein readings fo r the solids samples are normalised (See Appendix 10).
Super=supernatant, Undisch=undischarged solids and Disch=discharged solids. The total
protein available was 4.14 mg mL~^.
Similar trends in the protein levels in the streams were seen in the CSA -8 trial. There was a
small element of protein release into the supernatant, and a further release of protein when
the solids were discharged. (See Table 9.3-7) The degree of protein release associated with
the solids discharge appeared to be related to the feed flowrate, with a higher degree of
protein release when a lower feed flowrate was used. This is probably as a result o f the
lower solids fraction in the solids discharge when the feed flowrate is reduced, but the
mechanisms involved are still unclear.
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Flowrate (L h"')

93

294

179

149

93

179

149

294

Volume fraction

Protein (mg mL ')
Supernatant.

0.19

0.19

0.18

0.19

-

-

-

-

Discharged solids.

12.6

11.1

19.4

14.1

0.68

0.82

0.95

0.96

Feed (bench spun).

0.17

0.02

Homogenate

1.56

-

Table 9.3-6 Raw data from pilot-scale CSA-8 centrifugation o f whole cells. The 6 g L~^
(d.c.w.) fe e d was centrifuged at various flowrates. The available protein was determined
from an homogenate sample (1 pass at 15000psi through the Constant systems
homogeniser).
Supernatant

Flowrate (L h ‘)

Discharged solids (mg mL ')

mg mL '

% release

mg mL '

% release

93

0.19

1

0.3

9

149

0.19

1

0.25

6

179

0.18

0.7

0.21

3

294

0.19

1

0.2

2

Table 9.3-7 Summary ofprotein release during centrifugation o f whole cells using the
CSA -8 centrifuge. A total o f 1.56 mg mL~^ o f protein were available, and the fe e d protein
concentration was 0.17 mg mL~^. The discharged solids data has been normalised (see
Appendix 10)
9.3.2.3 Cell spheroplast removal.
Cell spheroplast suspensions were produced by resuspending the discharged solids from the
whole cell centrifugation trials in osmotic shock buffer. The same centrifuge was then used
for the subsequent spheroplast removal step.
Comparison of operation of the SAOOH and CSA -8 for spheroplast removal.
The same scale down of solids holding space and separation area was used as in the whole
cell centrifugation trial. The recovery as a function o f the feed flowrate and separation area
is shown in Figure 9.3-5 for the SAOOH in full scale and scale down modes (using a 50 g
L "1 feed (d.c.w.)), along with data from a separate run using a

22

g L‘ l spheroplast feed in

the CSA -8 centrifuge (operating with a full stack). The performance of the SAOOH is
significantly worse than the CSA-8 . This is probably as a result of the higher breakage
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levels seen during the cell recovery step, and also the fact that the SAOOH feed had a higher
solids concentration.

However, it is interesting to compare the scale down and full stack performance of the
SAOOH.

In this case the performance is very similar (in contrast to the whole cell

processing data in Figure 9.3-1) this suggests that the spheroplast feed is less affected by the
changes in shear in the feed zone than the whole cells.

100 -

S

60 -

8

40-

• e

20 -

6xlOr

Figure 9.3-5 Comparison o f spheroplast recovery using the SAOOH centrifuge in fu ll stack
(■ ) and scale down modes (□ ) and the CSA-8 ( • ) .
The spheroplast breakthrough curves for the SAOOH and CSA -8 are shown in Figure 9.3-6
and Figure 9.3-7 respectively! Figure 9.3-6 shows that there is a proportion of the solids in
the feed which is unrecoverable at the flowrates used. This is indicative of the unsuitability
of disk stack centrifugation for the spheroplast removal step. A similar situation was also
seen in the CSA -8 trial using cell spheroplasts, although the degree of solids carry over in
the initial stages of centrifugation was slightly lower. This would be expected as the solids
loading was lower in this trial (Figure 9.3-7). As would be expected, the degree and rate of
onset of breakthrough was dependent on the feed flowrate, with lower flowrates allowing
for a longer period of operation before a significant level of breakthrough was detected, as
the residence time and probability for solids settling is higher.
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Figure 9.3-6 Solids breakthrough curves fo r the cell spheroplast removal from a 50 g L~^
(d.c.w.) fe ed using the SAOOH centrifuge in fu ll stack (M), and scale down ( ^ ) modes fe e d
flowrate were o f l O L h~^ and 4.2 L h~^ respectively, giving Q /Z o f 3.6 x 10~^ m s~^.
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Figure 9.3-7 Solids breakthrough curves fo r the cell spheroplast removal using the CSAwith a l l g L~^ feed.
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Effect o f disk stack centrifuges on cell spheroplast integrity.

The maintenance of cell spheroplast integrity during processing is significant in terms of
increases in the levels of contaminating protein in the supernatant, as any increase in
contaminant levels will increase the protein loading and stream complexity will increase.
Table 9.3-8 compares the protein levels in feed (spun in a lab eppendorf centrifuge) and in
the supernatants from the spheroplast centrifugation.

There is an element of additional

protein released into the supernatant during this final centrifugation step. The increase in
the supernatant protein level (as a % of the total protein available) was
stack SAOOH, and

6

10

% with the full

% with the CSA-8 . The difference in degree breakage between the

two runs may be a result of two causes, either the cells were weaker in the SAOOH feed, or
the smaller machine led to a higher degree of breakage.
Feed (mg mL ')

Supernatant (mg mL ')

% release

SAOOH

2.23

3.07

10

CSA-8

1.05

1.3

6

Table 9.3-8 Summary o f protein release data fo r spheroplast removal using the SAOOH
and CSA-8 centrifuges. 10.6 mg mL'^ ofprotein were available in total fo r the SAOOH run,
and 5 mg mL'^ fo r the CSA-8 run. The solids discharge was not assayed.
9.3.3 Conclusions on centrifugation data.
Similar trends in the degree of protein release were seen with whole cells and cell
spheroplasts. Protein release (and hence breakage) was highest in the tubular bowl, lower in
the solids discharging centrifuges (where breakage was thought to be associated mainly with
the solids discharge) and lowest in the multichamber centrifuge.

High levels of solids

recovery were seen with whole cells in all types of centrifuge (>95 %). Lower levels of
solids removal were seen during centrifugation of cell spheroplast suspensions, this was
thought to be due to the higher liquid viscosity and lower density difference between the
spheroplasts and liquid.
9.4 Downstream Process design considerations.
The two solid-liquid separation steps shown in Figure 9.1-1, primary cell recovery and
product recovery will be considered here. The factors affecting the product release step and
purification strategies are investigated by Pierce (1996).
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9.4.1 Primary cell separation.
9.4.1 ■1 Comparison of available unit operations.
Whilst the main goal of this processing step is the rapid recovery of structurally intact cells,
it is important to consider also the impact of the chosen unit operation on the subsequent
downstream processing steps.

Issues of operator safety (and product hygiene) will also be important. In this respect, a
solids-discharging centrifuge would be preferable to a solids-retaining machine. The ability
to discharge solids during processing considerably reduces the processing time. A solids
discharging centrifuge can be run continuously, whereas there may be the need to stop
harvesting of a non-discharging machine dismantle it and remove the solids when the bowl
capacity is reached. This can significantly increase the process run time, especially with the
more complex multichamber bowl configuration.

The data shown in the earlier sections of this chapter shows that the tubular bowl centrifuge
leads to the highest level protein release, and hence cell damage. The available machines of
this type were not fitted with a solids discharge facility, although recently similar machines
have become available with a discharge system.

A lower degree of cell breakage was

observed when the multichamber centrifuge was used, but the recovery of the solids
multichamber bowl was more time consuming than from the tubular bowl.

Here a

removable acetate sheet to line the bowl was used, though even with this sheet in place, the
removal of solids from the larger (Pennwalt AS26) tubular bowl required considerable effort
when the bowl was full, because of the weight of cells.

The multichamber centrifuge would be a more suitable option in terms of the maintenance
of cell integrity, as a lower degree of breakage was seen than in the tubular bowl. Hornby
(1995) has obtained similar data for the recovery of Pseudomonas putida cells by tubular
bowl and multichamber centrifugation.

97 % of the cells remained intact in the

multichamber centrifuge but only 93 % remained intact in the tubular bowl.

The disk type centrifuge appears to be the most suitable centrifuge for easy cell recovery as
there is a solids discharge facility is available. However, the discharge of solids appears to
lead to a degree of cell breakage. In this study the protein level was 64 % higher in the
discharge than in the undischarged solids when the values had been corrected to the same
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solids volume fraction (expressing the change in protein level as a percentage of the protein
level in the undischarged solids sample). Once again Hornby (1995) saw similar damage
during solids discharge: undischarged solids were 98 % intact whereas only 95 % of the
discharged solids remained intact.

Microfiltration appears to lead to lower levels of protein release from the whole cells
compared with the centrifuges used. This will of course be partially a function of the design
of the apparatus, particularly in terms of the pump chosen.

The degree of dewatering

achievable with a microfiltration system will be dependent on the hold-up volume of the rig.
The findings of French (1993) become significant here.

It appears that a high level of

dewatering leads to problems with solids resuspension during the osmotic shock step. Thus,
the use of a microfiltration concentration step and a solids washing step to produce a
concentrated slurry may be more effective than a centrifugation step which produces a
highly compacted, highly dewatered cell mass.
9.4.1.2 Process design decision for Primarv Cell Recovery for a generic process.
A microfiltration step for solids concentration, followed by a diafiltration period to wash
clear contaminants appears to be the most suitable solution to the cell recovery step in the
generic process. This may also allow for a reduction in the amount of equipment required
for the overall process. The osmotic shock could be carried out in the retentate holding
tank, and the subsequent product recovery step may then be performed using the same
microfiltration system (perhaps with a different membrane).

This would considerably

reduce the number of transfer steps in a batchwise process.

Development of a truly

continuous process would be more complex, because of the holding time requirements
associated with the osmotic shock step (two conditioning periods of 15 minutes were
required to achieve osmotic shock).
9.4.1.3 Additional considerations for method development for the current study.
Whilst microfiltration would have been the preferred unit operation for use in the
preparation of the spheroplast suspensions for the microfiltration studies in this thesis, this
choice was not practically feasible. During most of this project only two membrane systems
were available: the

8

Litre scale rig described in Chapter 2, and another rig used in previous

studies (Devereux et a l, 1986) which was unsuitable because of its excessive hold-up
volume, 30 Litres of broth would have been required.
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When the

8

Litre rig had been modified by adding in the second (multichannel) membrane,

ten times the membrane area was available, thus increasing considerably the rate of retentate
concentration. However, the membrane area was still too small to give a feasible processing
time, as the permeate flowrate as still only ~1 L h"l under favourable operating conditions
(high V c, initially 4.4 m s“l, but increased to 5.5 m s"l part way through the processing and
low P tM j

1

bar).

The hold-up volume of the rig (-2.5 Litres) set the minimum volume of fermentation broth
which could be processed: at least 4 Litres of spheroplast suspension would be required to
allow the investigation of more than one set of operating conditions, especially in a run
where retentate concentration was to be varied. This meant that an initial broth volume of
10 Litres would be required to produce the spheroplasts, if this was concentrated to the
maximum extent using the multichannel module, then 7.5 Litres of spent broth would have
to be removed. This would take in excess of

8

hours considering the likely decline in flux

due to fouling. This is obviously not feasible for a spheroplast study.

Thus, it was necessary to use a centrifugation step in the spheroplast preparation. The 1 P
tubular bowl was selected in spite of the problems with cell breakage. There were still
sufficient cells remaining following the cell harvest to produce a feed which could be used
in cell spheroplast integrity tests, and this was really the only suitable pilot scale centrifuge
available in terms of processing volume requirements.
9.4.2 Product recovery (or spheroplast removal).
Here the key aim was to produce a product rich stream which was essentially free of solids,
so that there would be no operating difficulties in a conventional (packed bed)
chromatography system.
9.4.2.1 Comparison of available unit operations.
Once the osmotic shock procedure has been completed the cell spheroplasts must be
removed from the product rich liquor to allow for purification (by chromatography). As a
standard chromatography set-up would be used if a solids removal step was being
performed, it is important that there are no solids remaining in the stream leaving the
spheroplast removal stage.

The removal of the spheroplasts from the liquor is more difficult than the initial cell
recovery step. The liquor contains sucrose to a 10 % w/v concentration, which will increase
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the density and viscosity of the liquid phase. Also, as the periplasm has been accessed by
the osmotic shock procedure, it is likely that the density of the solids is reduced. These two
factors will lead to a reduction in the gravitational force for settling. This means that the
flowrate for clarification will be lower when spheroplasts are processed than when whole
cells are processed.

Trials by Pierce (1996) have shown that flowrates as low as 4.8 L h"l are required to
remove cell spheroplasts using the IP tubular bowl, even then the solids recovery was only
86

%. This will significantly affect the efficiency of the subsequent product purification

steps (see later).

The removal of cell spheroplasts using a disk stack centrifuge was generally more efficient,
with 60-93 % recovery in the pilot scale SAOOH centrifuge, 67-98 % in the scale-down
SAOOH, and -98 % recovery in the CSA-8 centrifuge.

The lower recoveries in the

SAOOH centrifuge are thought to be due to a delay in the start of the initial cell recovery
step, which led to a cell weakening. Whilst it was possible to remove a high proportion of
the solids from the spheroplast suspension using tubular bowl centrifugation, the low
flowrates required made the use of this type of centrifuge less effective. A flowrate of 4.8 L
h"l gave a supernatant suitable for expanded bed chromatography (but not for packed bed
work).

Based on a conservative estimate of flux rate of 40 L m^ h"l, a comparative

membrane area of approximately

0.1

m^ would be required, which is not excessive

considering the available area of the Filtron EXT system (0.372 m^). —

The protein release during the processing of cell spheroplasts is also important.

Any

additional protein release indicates further cell damage, and potential release of additional
contaminants. The data presented earlier shows a small degree of spheroplast breakage
occurred in each of the unit operations tested. Data collected by Pierce during the 4.8 L h"l
process run in the tubular bowl showed an increase in the protein level in the supernatant
from 3.2 mg mL‘ l in the lab centrifuge clarified sample to 9.2 mg mL'^ in the pooled
supernatant sample. Supernatant sampling throughout the run suggested showed that higher
protein levels were seen in the earlier supernatant samples, indicating that the protein
leakage was due to the impact of the cells with the bowl wall, and that once a layer of cells
had been built up along the bowl length breakage was reduced. Data from other IP whole
cell centrifugation trials also provide some evidence of this, although the higher feed
flowrates used mean that there are fewer samples which show this elevated protein level.
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The resulting process yields for the subsequent chromatographic step are summarised in
Table 9.4-1. Three different streams were loaded onto an expanded bed chromatography
column. The supernatant from IP clarification was loaded in both diluted and undiluted
forms, and an unclarified, undiluted cell spheroplast suspension was also used. The data
below (Table 9.4-1) shows the yields from the chromatography trials performed.

The

clarified, diluted cell spheroplast stream provides the highest yield. The yield is reduced if
the clarified suspension is loaded without dilution, and also if the unclarified suspension is
used.

This data indicates that the presence of high sucrose concentrations affects the

operation of the chromatography step, the beads were seen to shrink so that the product
capture was not as effective. Higher solids loadings had an even more detrimental effect on
the yield.

These aspects are discussed in more depth in Pierce (1996), but the data

illustrates that the presence of solids will have a significant impact, even on expanded bed
chromatography which is expected to be more robust. This reinforces the earlier statements
that high levels of solids removal will be required for successful operation of
chromatography steps.
Feed description

Feed characteristics.

Yield
(%)

d.c.w.

% sucrose

IP clarified supernatant, undiluted

10

10

65

IP clarified supernatant, diluted

3

5

85

Unclarified spheroplasts, undiluted.

72

10

31

Table 9.4-1 Summary o f expanded bed chromatography data collected by-Pierce (1996)
from various forms o f spheroplast stream.
Microfiltration was the most studied unit operation for the removal of cell spheroplasts.
The levels of protein release into the retentate during processing were low, and so in terms
of recovery of the product without release of additional contaminants microfiltration
appears to be a good choice. However the issue of poor product transmission needs further
attention. It appears the combination of a 0.2 pm pulsed spheroplast concentration step and
a pulsed diafiltration step will provide a means of increasing the step yield to a suitable
level.
9.4.2.2 Process design decision for Spheroplast removal in a generic process.
Additional trials are required on the use of a disk stack centrifuge before a firm process
decision can be made. This is because the disk-stack trials described in this Chapter used
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the disk-stack for the primary cell recovery step, and so a high proportion of the cells would
have been broken before the second recovery step.

However, on the basis of the data presented in this Chapter, and if the microfiltration was
run in a fully optimised manner, using a permeate backpulsing and a concentration and
diafiltration approach microfiltration would appear to provide a suitable processing method.
In some respects the need for a diafiltration step would be considered a disadvantage, but if
a suitable diafiltration buffer could be identified (i.e. rather than

10

% sucrose) which did

not further disturb the osmotic balance of the cell spheroplasts, leading to additional protein
release, then some of the processing problems seen in the chromatography step could also
be reduced.
9.5 Conclusions.
The data presented in this chapter shows some aspects of the impact of unit operation choice
on the feasibility of the process.

In most situations it appears that the cell breakage

associated with a centrifugation step could influence severely the effectiveness of
subsequent unit operations. For example, the breakage of the whole cells during discharge
from the disk stack centrifuges means that the stream produced by the osmotic shock step
will no longer contain only periplasmic material, and also that the solids present in this
stream will have a wider size distribution, with a high proportion of cell debris.

Microfiltration has demonstrated a reduced impact on the cell and cell spheroplast integrity.
Maximum performance of the microfiltration system was seen when operating at low
P j m ’s with a permeate backpulse. The suitability of a backpulsing strategy at a larger scale
is open to question. As the membrane are is increased it may become increasingly difficult
to provide the backpulse volume. The installation of a pump on the permeate line allow
higher backpulse volumes to be achieved.

The effectiveness of a backpulse where a

monolithic element is used may not be as high a that seen with the single channel element
used in the current study. This is due to the uneven flow distribution of the reverse flow: it
is unlikely that the central channels of the monolith will receive the same proportion of the
backpulse as the outer channels.

However, there are other processing issues which will need further consideration here, such
as degree of dewatering required in the primary cell recovery step and. the degree of
diafiltration required to remove contaminating material during primary cell recovery and to
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reach a suitable step yield for the product recovery step. Tutunjian, (1985) has calculated
that it is possible to remove 98 % if a contaminating salt from a product which is fully
retained by the membrane by performing a four-fold diafiltration. Diafiltration trials have
not been performed as part of this study, if these are to be effective it is important that no
additional proteins are released from the cell spheroplast suspension. This means that a
buffer which does not further alter the osmotic balance of the spheroplasts would be
required (e.g.

10

% (w/v) sucrose).

Thus, the overall conclusion for this section of work is that microfiltration is the best
process option in terms of maintaining the integrity of the solids present in the feed, but that
some additional work would be required to increase the yield from a microfiltration step.
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10. Conclusions and Future Work
In this final chapter of the thesis, the main conclusions of the studies will be drawn together,
and their impact on the future direction of research will be discussed.
10.1 Main conclusions of the study.
10.1.1 Fermentation.
Three different forms of fermentation have been demonstrated in this-study:

complex

medium batch fermentations and defined medium batch and fed-batch cultures.

Complex batch fermentations produced a relatively low biomass level, ~ 5 g L’ l but with a
high a-amylase titre. Production of a-amylase was mainly in the stationary phase of the
fermentation.

Using defined medium in batch cultures it was possible to achieve higher biomass levels of
~15 g L"l, but the a-amylase titres were generally lower (in terms of production per unit
biomass). As the fermentation did not have a stationary phase, it was important to harvest
the cells before growth was nutrient limited, otherwise autolysis would start. The control of
defined medium fermentations was easier than with complex medium fermentations as
oxygen limitation was rarely seen.

Fed-batch fermentations led to the highest biomass titres, and a-amylase production was
found to be growth rate dependent:

the optimum growth rate being in the range

0.1-0.15 h-1.

Defined medium will be the best choice for production of the recombinant product. In order
to maximise the production the growth rate should be controlled to the optimum, achieved
by operating either in continuous culture or in fed-batch culture. The choice between these
operating modes will be dependent on equipment availability for downstream processing,
and also on the market size.
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10.1.2 Downstream processing.
10.1.2.1 Cell and cell spheroplast integrity.
Microfiltration was found to lead to minimal breakage of cells and cell spheroplasts, with
the retentate protein concentration remaining constant during microfiltration in total recycle
mode.

Centrifugation caused different levels of protein release (i.e. cell damage), depending on the
type of centrifuge used and the media used to culture the cells.

Highest breakage was seen when cells cultured on complex medium were harvested using a
tubular bowl centrifuge, with 67 % of the available protein being released, compared with
release of 2 % of the protein when a multichamber centrifuge was used.

Tubular bowl centrifugation of whole cells from defined medium cultures led to low levels
of protein release, ~ 5 % of the protein available into the supernatant.

Disk stack

centrifugation of defined medium cells in the SAOOH caused a similar level of release into
the supernatant. In total 18 % of the available protein was released in the SAOOH. This
was mainly associated with the solids discharge. Lower levels of breakage were seen in the
CSA -8 compared with the SAOOH, 10 % of the available protein being released in total.
This was due to batch to batch variation in the feed.

Centrifugal removal of cell spheroplasts led to lower breakage levels than were seen with
whole cells: only 14 % of the available protein was released in the tubular bowl centrifuge
compared with the 67 % release seen with whole cells.

The hypothesis that cell

spheroplasts were less prone to shear effects than the whole cells was verified in a
homogenisation experiment: whole cells and spheroplasts were homogenised at different
pressures and the rate of protein release was compared.

The defined medium appears to produce stronger cells, this is perhaps due to the fact that
they were harvested before stationary phase, whereas the complex medium cells had been in
stationary phase for - 1 2 hours.
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10.1.2.2 Unpulsed microfiltration performance.
Flux and transmission performance during unpulsed filtration of cell spheroplasts was found
to be better when a

0 .2

jum membrane was used than with a

was transmitted selectively when a
seen with the

0 .8

0 .2

0 .8

pm membrane, a-amylase

pm membrane was used, but no such selectivity was

pm membranes.

P t m had little effect on the flux in the range studied, irrespective of membrane pore size,
but higher Pt m ’s led to lower transmission.

The unpulsed transmissions of a-amylase were quite low, 30 % in the best case. This has
important processing implications, as diafiltration would be required to achieve a high
product yield.

The transmission performance has been correlated with flux performance via a
‘transmittance’ term. A linear correlation has been applied which fits well in the (low)
transmission range studied.

A correlation between flux and transmission of the type

developed here would be useful, as the flux and transmission performance o f a
microfiltration system could then both be predicted, if a suitable flux prediction model were
identified.
10.1.2.3 Pulsed filtration performance.
Transmission performance was significantly improved using permeate backpulsing up; to
70 % in the best case. When a 0.2 pm membrane was used there was a slight improvement
in the flux performance.

In contrast 0.8 pm pulsed filtration showed lower flux

performance than unpulsed filtration.

A series of trials were performed where the properties of the backpulse were altered. These
showed that an optimum pulse frequency existed, and that a reverse flow of liquid was
required during the pulse for a performance improvement to be seen.

There is some

evidence that increasing the backpulse time relative to the forward flow time makes the
pulse more effective.

Comparison of the data obtained from the pulsed filtration trials with the unpulsed filtration
correlations has shown that when the data is plotted against the gross (measured) flux, the
transmission seen for a certain flux is higher.
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Thus, permeate backpulsing can greatly improve the transmission performance, with some
improvement in the gross flux as well.

However, the performance of the backpulse is

sensitive to the backpulse regime, membrane pore size and the feed conditions.
10.1.2.4 Scale-UD issues.
Scale-up of microfiltration (from a cylindrical membrane element of 0.0055 m^ area to a
monolithic element with an area of 0 .2 m^) has been demonstrated using constant wall shear
rate as the scaling parameter.

The SAOOH centrifuge was successfully operated in scale down mode, reducing the
separation area and the solids holding space. Performance of the centrifuge can then be
assessed using a smaller volume of feed material. However, breakthrough curves suggest
that a higher degree of breakage occurred at pilot scale than in scale down, probably because
of the higher feed rates used.
10.2 Process design implications of the study.
The primary cell separation stage requires the recovery of the cells without loss of the
periplasmic product due to premature breakage. If the cells break open during processing,
then the product will be released along with other contaminating proteins, so that a large
proportion of the product may then be unrecoverable. It appears that centrifugal recovery is
not a sensible processing route. Only the multichamber centrifuge allowed processing with
a low level of protein release, but the operational implications of this centrifuge (i.e. the
recovery of the solids from the chambers) means that it would not be suitable for a process
where hygienic processing was required. Microfiltration appears to be the most suitable
option. In the trial reported in this thesis, little or no breakage was seen during processing.

If microfiltration was chosen for the primary cell separation step, the subsequent
downstream steps are simplified. It should be possible to perform the osmotic shock step on
a cell-slurry and then feed the cells on to the spheroplast removal step. Depending on the
plant set-up (continuous or batch) it may be possible to use the same pumping loop and
holding tanks for the osmotic shock step.

Microfiltration also appears to be the most suitable unit operation when the solids have to be
removed before the purification stages.

If centrifugation were used, a further solids

screening step would be required if conventional chromatography was to be used in the
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purification stages.

If spheroplasts were removed by microfiltration a diafiltration step

would possibly be required to increase the step yield sufficiently. The need for this is, of
course, dependent on the transmission of the product during the microfiltration step, which
may be increased by backpulsing.
10.3 Directions for future research.
The thesis has demonstrated a process design route for a particular heterologous periplasmic
protein. One key aspect for future work should be to determine how generic the process
actually is. The product release step using osmotic shock-Iysozyme is one step which will
require investigation, as there are certain products which may not be compatible with
lysozyme. If an osmotic shock-lysozyme release step is used it would be advantageous if
this lysozyme were removed from the product stream before purification begins. If this
lysozyme removal also allows for its re-use, then the cost of the product release step could
be significantly reduced.

Further studies are also possible on the microfiltration. One area which has not been studied
in much depth in this work is the scaling up of microfiltration. The preliminary trial has
shown that scale-up by constant wall shear gives a reasonable prediction of the system
performance. One limitation of this approach was the fact that the larger membrane would
experience a high transcartridge pressure drop during operation, so that there would be a
higher degree of polarisation at the entry end of the membrane. This could perhaps be
modelled by considering the smaller membrane as a mimic of the two ends, and obtaining a
prediction of the performance as the average of the performances of a high polarisation trial
and a lower polarisation trial.

One drawback of the trials reported in the thesis was the irreversible fouling of the
membrane. This was particularly evident in the trials where interstage concentration was
used. Whilst in many ways this was unavoidable. The effects during periods where the
membrane is not in use may be minimised by fitting an additional flow loop which allows
for circulation of fluid across the membrane when it is not in use. Alternatively, a second
membrane module could be fitted in parallel to the first, so that one membrane is used for
each set of operating conditions of a two-stage trial.

The permeate backpulsing system is still not fully understood. Additional studies should be
performed, possibly with a simpler feed stream, so that the system may be better optimised.
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A similar approach to the studies performed in the second section o f Chapter 7 may yield
useful data, but additional confirmatory trials where only a few sets o f conditions are also
required. The use of a smaller pore-size (e.g. a ultrafiltration membrane) may also prove
effective, as other studies have shown that the performance of a filtration system can be
improved by using a smaller pored membrane. Obviously, there would be a limit to the size
of pores depending on the size of the protein which is to be transmitted through the
membrane.

The use of pulsed filtration with a monolithic element may also require some investigation,
to ensure that scale-up could be achieved (i.e. that the same degree of performance
improvement could be obtained at the larger scale).

Some additional work is also required to identify a suitable method by which diafiltration
can be performed with the cell spheroplast suspensions.
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NOMENCLATURE
membrane area

m^

Cb

bulk solids concentration

kg m"J

Cw

concentration of retained species at membrane

kg m-J

D

flow diameter of membrane element

m

d

thickness of concentration polarisation layer

m

particle diameter

m

f

friction factor

g

acceleration due to gravity

G

centrifugal force term

Gc

cake filtration parameter

s m -2

J

permeate flux

m s-1

J*

critical flux

m s-1

Jc

critical flux in modifed complete blocking law

m S'

ji

critical flux in modified intermediate blocking law

m s-1

Jo

initial flux

m S'

Jss

steady state flux

m s"l

k

Boltzmann constant

JK-1

Kb

fluid consistency index for complete blocking law

flow dependent

Kc

fluid consistency index for cake filtration law

flow dependent

k

mechanism dependent constant

f(mechanism)

kD

virial coefficient

mJ kg-1

Ki

fluid consistency index for intermediate blocking law

flow dependent

Ks

fluid consistency index for standard blocking law

flow dependent

L

length of membrane element

m

Lp

length of pore

m

n

mechanism dependent index

f(mechanism)

Pb p

backpulse pressure

N m“2

Pt c

transcartridge pressure drop

N m"2

Pt m

transmembrane pressure

N m‘2

Q
Qo

volumetric flowrate through centrifuge

mJ s"^

initial permeate flowrate

mJ s"l

Qt

permeate flowrate at time t

m^ S'I

Rc

cake resistance

m"l

m s"2
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R cp

concentration polarisation resistance

m"l

Rp

resistance due to adsorbed material

m"l

Rm

membrane resistance

m"l

pore radius

m

radius of diffusing particle

m

Rs

resistance of the solid cake from Carman-Kozeny

m”l

^spin

distance from particle to axis of rotation

m

Rt o t a l

the total hydraulic resistance to flow

m”l

s

thickness of liquid layer through which the particle must travel m

T

absolute temperature

K

t

filtration time

s

V

volume of liquid in bowl

m3

^ads

volume of material available for adsorption

m3

Vc

crossflow velocity

m s"l

Vp

filtrate volume

m3

Greek symbols
<Tt>

mass averaged shear in a membrane pore

N m"2

a

specific cake resistance

m 2 kg- 1

Dm

diffusivity of retained species

m 2 s"^

Dmo

particle diffusivity from Stokes-Einstein

m 2 s"l

Ap

solid-liquid density difference

kg m"3

8

cake porosity

-

Go

intial membrane porosity

-

YW

shear rate at membrane wall

s"l

p

liquid viscosity

N s m"2

Ps

solids density

kg m“3

a

blocked area per unit volume filrate

m -1

E

equivalent area of gravity settling tank

m2

TW

wall shear stress

N m-2

Usg

Stoke's law settling velocity

m s"^

CO

angular velocity

rad s" 1

_
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Appendix 1: Details of manufacturers and suppliers.

Alfa-Laval Engnieering (for Chemap

Cleghorn W aring Pumps (Suppliers of the

Fermenters)

JABSCO pump)

Great West Road,

Cleghorn and Waring Co. Ltd.

Brentford.

Icknield Way,

Middlesex. TW 8 9BT

Letchworth.
Hertfordshire. SG6 lEZ

APV Trenntechnik.
Herderstrasse 85

Dynatech (UK).

D-40721 Hilden

Daux Road,

Germany.

Billinghurst,
W. Sussex.

BDH. (Chemical supplies.)
Merck Ltd.,

Fairey Industrial Ceram ics Ltd.

Merck House,

Tecramics Division,

Poole.

Filley brooks.

Dorset. BH15 ITD

Stone.
Staffordshire. ST15 OPU

Bechtech, UK
Chaffbam.

Fisons Scientific. (Chemical supplies and

Eartham.

MSE Soniprep.)

Chichester.

Bishop Meadow Road,

W. Sussex. PO18 0LP

Loughborough.

—

Leicestershire. L E ll ORG
Bio-Design Ltd.
34 Bedford Avenue

Henkel Ecolabs Ltd.

Horsham.

David Murray John Building

West Sussex. RH12 2HJ

Swindon.
Wiltshire. SNl INH

BIO-RAD. (Protein quantification.)
Bio-Rad House,

Inceltech (for LH fermenters).

Maylands Avenue,

22A Horsehoe Park,

Hemel Hempstead.

Pangboume

Hertfordshire. HP2 7TD

Berkshire.
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K ontron Instrum ents Ltd.

RTM Turbo.

Blackmoor Lane,

Record Townson Mercer Ltd,

Croxlet Centre,

Record House.

Watford.

Atlantic Street.

Hertfordshire. WDl 8 XQ

Atrincham.
Cheshire.

K rohne M easurem ent and Control Ltd.
Rutherford Drive.

Sharpies (Alfa-Laval)

Park Farm Industrial Estate.

Doman Road

Wellingborough.

Camberley

Northamptonshire. NN 8 6 AE

Surrey

M odular Systems Hygiene Services.

SIGMA Chemical Company Ltd.

Campwood Road,

(Chemical supplies.)

Rotherway Industrial Estate.

Fancy Road,

Hereford. HR2 6 JD

Poole.
Dorset. BH17 7NH

National Instrum ents (UK) (LabVIEW).
21 Kingfisher Court,

Société des Céramiques Techniques

Hambridge Road,

(S.C.T.).

Newbury. RG14 5SJ

B.P. 1-6546
Bazet.

OXOBD/Unipath Ltd.

France.

Wade Road,
Basingstoke.

Transinstrum ents (UK)

Hampshire. RG24 OPW

Lennox Road,
Basingstoke.

Pierce & W arriner (UK) Ltd. (Protein

Hampshire. RG22 4AW

quantification.)
44 Upper Northgate Street,

VG Gas Analysis (mass spectrometers).

Chester. CHI 4EF

Nat Lane,
Winsford.
Cheshire. CW7 3 OH
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Westfalia Separator.

Wika Instruments Ltd.

Habig House,

Station Approach,

Old Wolverton Road,

Crawlsden

Milton Keynes. MK12 5PY

Surrey. CR5 2UD
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Appendix 2. Properties o f feed streams used in downstream processing trials.
Fermentation

DSP

Ifd .c.w .

Lysozyme

Protein (mg mL"

^d.c.w.

')
Trial

(gL-')

(gL-')

ex

total

(gL-')

TBl

MF12

6.03

n/a

0.36

1.33

n/a

TB2

MFl

7.72

0.5

0.78

1.91

18

TB3

MCC/IP

5.7*

0.5

0.30

1

7.5

TB4

MF2/MCC/1P

5.4

0.5

0.93

1.66

13

TB7

MF6

4.7*

1.5

3.92

5.53

8

DBl

MF7

4.9*

0.5

1.07

4.47

17.6

DB3

MFIO

12.7

0.5

1.21

16.6

70

DB5

MF3

10.4

0.5

4.22

15.7

18

DB6

MF8

9.9

0.5

2.85

6.48

27.1

DB7

MF4

24.7*

0.5

0.26

0.43

7.5

DBS

MF5

25.5*

0.5

3.91

6.86

18

DB9

MF13

10.1

1

0.23

3.49

15

DBIO

MF15

23.2*

0.5

3.94

5.97

26

D B ll

MF 16

25.7*

0.5

1.67

3.28

10

DB12

MF17

22.7*

0.5

2.89

4.28

15

FB02

MF9

25.3

0.5

3.7

7.35

31

FB05

M F ll

39.7

1.5

4.44

9.44

26

FB06

MF14

21

0.85

3.73

7.92

20

Table A l. Feedstreamproperties.
Notes on Table: The second column indicates the type of DSP run, MF for microfilration
(with the number matching the appropriate trial number in Chapters 5-7), MCC refers to the
multichamber centrifuge, and IP refers to the tubular bowl centrifuge. In the d.c.w. column
any number marked * is an OD^OO value, rather than a dry cell weight measurement.
Hd.c.w.

Sd.c.w. refer to the dry cell weights of the whole cell suspension at harvest, and

of the spheroplast suspension respectively.
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Appendix 3. Process and instrumentation diagram for the large scale microfiltration
unit.

Ifï
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EM I f

Reproduced from APV drawing, Project 2311.0523.01 Num ber 93038P dated 16/01/95.
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Appendix 4;

Errors due to the delay in permeate return during total recycle

operation.
1. Low cell concentrations.
Initial volume=5.6 L
Initial cell mass=165.2 g
Thus initial cell concentration=29.5 g L"1

Volume removed as samples=0.06 L
Volume of permeate collected=0.1 L
Final volume=5.6-0.16=5.44 L
Mass removed in permeate samples=0.03x29.5=0.9 g
Thus final mass of cells=l65.2-0.9=164.3 g

Final concentration= 164.3/5.44=30.2 g L"1
Thus the %error is: (30.2-29.5)730.2=2 %

2. Medium concentration.
In order to reach medium concentration 1 L o f permeate is collected. Taking into account
the liquid volume and cells removed as samples during the first filtration period:

Initial volume=5.6-1.06=4.54 L
Initial cell mass=164.3 g
Thus initial cell concentration=36.2 g L"1 (compared with the measured weight of 36.1 g L"
1)

Volume removed as samples=0.06 L
Volume of permeate collected=0.1 L
Final volume=4.54-0.16=4.38 L
Mass removed in permeate samples=0.03x36.1=1.1 g
Thus final mass of cells=164.3-1.1=163.2 g

Final concentration=163.2/4.38=37.3 g L"1
Thus the %error is: (37.1-36.1)736.1=3 %

High cell concentration.
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In order to reach high concentration 1 L of permeate is collected. Taking into account the
liquid volume and cells removed as samples during the first two filtration periods:
Initial volume=5.6-2.12=3.48 L
Initial cell mass=163.2 g
Thus initial cell concentration=46.9 g L"1 (compared with the measured weight of 44.9 g L"
1)

Volume removed as samples=0.06 L
Volume of permeate collected=0.1 L
Final volume=3.48-0.16=3.32 L
Mass removed in permeate samples=0.03x46.9=1.4 g
Thus final mass of cells=163.2-1.4=161.8 g

Final concentration= 161.8/3.32=48.7 g L 'l
Thus the %error is:

(48.7-44.9)744.9=8 %, which is considered to still be of limited

significance.
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Appendix 5, Sigma calculations for the disk stack centrifuges.
Ambler (1959) developed a theoretical procedure for the scale up of centrifuges based on
the equivalent settling area theory. A theoretical formula for the equivalent settling area (Z)
of various types of centrifuge was derived. As the equivalent settling area and the flowrate
Q
through the centrifuge can be combined as — to give the settling velocity, this can be kept

constant between different scales of centrifuge (or even different types of centrifuge, if
appropriate efficiencies are taken into consideration ()) allowing for scale up.

For a disk stack centrifuge Z is given by:

Z = 2mo)^—---- — F^
3gtan^
Fl is a correction factor to account for the rib spacers on the disks:
2

^ .=

1-

3z A

'-l/r

4m

, _ K 2,

The relevant data for the CSA -8 and SAOOH centrifuges is tabulated below:
description

SAOOH

SAOOH

(full stack)

(scale down)

number of disks

43

9

68

centrifuge operating speed

1027 rad s''

1027 rad s'*

1005 rad s''

r,

outer radius of disk

0.053 m

0.053 m

0.075 m

h

inner radius of disk

0.021

m

0.0345 m

0

lower angle of disk

0 .6 6

Zl

number of rib spacers

6

6

8

bL

width of rib spacers

0.005 m

0.005 m

0.0058 m

n

_ Û)

m

rad

0 .0 2 1
0 .6 6

rad

CSA-8

0 .6 6

rad

Thus, for the SAOOH (full stack):
Fl =0.893, and Z=1545 m^
for the SAOOH (scale down):
Fl=0.893, and Z=326 m^
and for the CSA-8 :
Fl =0.871, and Z=6229 m^
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Appendix 6. Fouling analysis.
Resistance in series analysis.
The fouling o f membranes during microfiltration is analysed in two ways in this appendix.
In the first instance the pure water flux data (before and after filtration) and the final flux
data during each operating stage are used to estimate the hydraulic resistance of the system.
This will possibly allow for the development of a model based on the ‘resistance in series’
approach;

The membrane resistance, Rjyi can be obtained from the pure water flux (Jpw) using:

pjpw
The hydraulic resistance of the system during operation (i.e. including any fouling due to
polarisation effects, and adsorption), R ^p can be obtained from the steady state flux for
each operating stage (Jgg).

For simplicity the permeate is assumed to have a similar

viscosity to water:

FJss
In order to complete the resistance in series analysis it is useful to be able to separate the
effects of adsorption (Rp) from polarisation effects (Rcp) in R cpp. The resistance due to
fouling can be estimated by measuring a post-filtration water (JpwA) Aux, having carefully
rinsed off as much of the surface related fouling as possible:
Rf = ^ - R

m

PWA

So that R c p can be obtained from:
~ ^PF ~
Flux data from the various trials has been analysed, and the resulting resistances are shown
in the table below.
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Trial

Rm (m-‘)

Rcpp (m ')

Rp(m-')

1 (0.2 |im 18 g L"' sph unpul)

5.9x10"

1=8.5x10'"

nm

11=5.7x10"
111=3.2x10'"
2 (0.2 pm 13 g L"' sph unpul)

9.6x10"

1=7.4x10'"

nm

11=3.5x10'"
111= 1 .2 x 1 0 '"
3

(0.8 pm 18 g L*' sph unpul)

2.73x10'°

1=2 x 1 0 '"

3.46x10'"

11= 1x 1 0 '"

111=3.33x10'"
4 (0.8 pm 7.5 g L ' sph unpul)

7.57x10'°

1=9.92x10'"

2.57x10"

11=2.99x10'"

6

5 (0.8 pm 18 g L"' sph unpul)

2.35x10'°

1=1.64x10'"

7.68x10"

(0.2 pm 8-19 g L'* sph unpul)

1.58x10'"

1=1.51x10'"

nm

11=1.51x10'"
111=2.34x10'"
7 (0.2 pm 18-27 g L"' sph unpul)

1.15x10'"

1=2.49x10'"

nm

.(0.8 pm 27-54 g L‘‘ sph unpul)

8.49x10'°

1=1.99x10'"

2.39x10"

8

11=2.85x10'"
111=2 .0 x 1 0 '"

9 (0.2 pm 31-42 g L"' sph unpul)

1.17x10'"

1=1.31x10'"

2.75x10'"

11= 1 .8 8 x 1 0 '"

111=3.22x10'"
10 (0.2 pm 70-103 g L‘‘ sph unpul)

1.51x10"

1= 1 . 1x 1 0 '"

nm

11=1.98x10'"
111=2.48x10'"
11 (0.8 pm 26-42 g L ' sph unpul)

2.24x10'°

1=2.5x10'"

4.44x10'"

11= 1x 1 0 '"

12 (0.2 pm 6 g L ' whl pul)

1 . 12 x 1 0 '"

1=3.05x10'"

nm

11=3.88x10'"
111= 1x 1 0 '"

IV=2.55xlO'"
13 (0.2 pm 15 g L ' sph pul)

2.18x10"

1=5.34x10'"

2.04x10"

11=6.92x10'"
111=6.45x10'"
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Trial

Rm (m ')

14 (0.8 pm 20 g L ’ sph pul)

6.8x10'°

R cpf

Rp (m ')

( ^ ')

1=2.49x10"

nm

11=1.66x10"
111=1.99x10'^
15 (0.2 pm 26 g L ' sph pul)

1.96x10"

1=1.33x10"

1.71x10"

11=1.68x10"
111=1.59x10"
IV=1.59xlO'^
V=2.06xl0'^
16 (0.2 pm 10 g L"' sph pul)

1.68x10"

1=8.92x10'^

2.44x10"

11=1.05x10"
111=1.25x10'^
IV= 1.45x10"
V=1.55xl0"
VI=1.55xlO'^
VII=1.55xlO'^
17 (0.2 pm 15 g L ' sph pul)

2.5x10"

1=1.23x10"

2.14x10"

11=1.34x10'^
111=1.34x10'^
IV=1.56xlO"
V=1.67xl0"
VI=1.98xlO"
18(a) (0.2 pm 28-41 g L ' sph unpul)

2.21x10"

0.005m^ membrane

1=9.21x10"

6.65x10"

11=1.38x10"
111=1.8x10"
V=2.15xl0"
VII=2.36xlO"

18(b) (0.2 pm 28-32 g L ' sph unpul)

3.78x10"

1=1.63x10'^

1.69x10"

V=1.33xl0"

Table A2. Fouling and membrane resistances from flux data.
Fouling mechanism analysis.
Work by Field et al 1995 and Field and Amot, 1995 gives procedures for the analysis of the
fouling mechanisms for a microfiltration trial. This procedure is based work by Hermia
(1992), where the dead-end filtration mechanisms were described.

In Field et al the

equations were modified to allow for the effects of crossflow. In summary:
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‘Complete’ pore blocking (each particle reaching the membrane acts to block a pore) is
described by:

Cake filtration (rather than individual pores becoming blocked, a cake build up with a
resistance which is related to the amount of material filtered), is described by:

~ J,

is

\j

J,0 /

Incomplete pore blocking (a particle does not necessarily block a pore, it may instead sit on
top of another particle) is described by:

1 -({Jo-j)

J

c t — — In

^

Ji

Standard pore blocking (deposition of material within the pores) is given by:

All these equations can be re-written in the form:

dt
Where n will vary depending on the fouling mechanism which is occurring:
n = 2 for complete blocking
n= 0 for cake filtration
n=l for intermediate blocking
n=1.5 for standard pore blocking
As
p
pj
The rate of change of resistance can be written:
dR

dJ

dt

fjJ^ dt

P,TM

and differentiating again:
d^R

>j+l)

+

Eqn 1
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Using this second differential is should be possible to identify which fouling mechanism is
taking place:
if 0<n<l then Eqn 1 is negative (as — is negative).
dt
If n=2 (complete blocking) then Eqn 1 becomes

dt^

^dt

and a plot of — vs t will have a maximum at a flux of J=2J*. Typically, n=1.5 (standard
dt
dR.
pore blocking) will give a similar shape of — vs t plot, but with the maximum at a flux of
dR
J=3J*. Plots of — vs t are shown for a 0.8 pm and a 0.2 pm filtration trial.
dt
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Figure A l. Fouling analysis plot fo r a 0.8 pm membrane trial. 18 g L~^ spheroplast feed,
at 1 bar P p j^a n d Vq o f 4.7 m s~^. The upper plot shoes the flux, and the lower plot shows
the derivative o f resistance.

21:

Impacts o f separation processes on protein recovery from cells and cell spheroplasts.
Appendix 6. Fouling analysis.
25^
2.0 -

15B
V
o

I

1.0 -

050.0

0 3 -,
02

-

0.1

—

0 .0

-

C/5

■g

'■■■■

o
E

^- 1 -

S

-0 2 -

-0 3 0_

600

1800

1200

2400

3000

Tiine(s)

Figure A2. Fouling analysis plot fo r a 0.2 pm membrane trial. 18 g L~^ spheroplast feed,
at 1 bar P p ^ a n d V(j o f 3.3 m s~^. The upper plot shoes the flux, and the lower plot shows
the derivative o f resistance.
The general form of the two fouling analysis plots is very similar. Specifically, the scatter
in the

0 .8

pm flux data means that the differential plot also shows a high degree of scatter.

There is no real evidence of a maximum in either of the plots, suggesting that both the
standard pore blocking and complete pore blocking mechanisms are not dominant.
Intermediate pore blocking, where a particle does not necessarily block the pore as it
approaches the membrane, and that the particle may land on top of another particle, or cake
filtration appear more likely from the plots. However, considering the complex nature of
the feed stream, it is likely that no one mechanism can fully describe the fouling.
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Appendix 1. Correlation between transmission and flux for dilute concentration trials.

40-

s
•I 20-

■

H
10 -

1.00

120

1.10

J/P^(x 10 '^ms

130

bar '^)

linear R^iession for J/P^ vs

Linear R^iesâon forJ/P^ vs

Protein transmission ( ------- ):
Y =A +B*X

a-anylase transmission ( ------- ):

Param W ie sd

Param \Mie sd

A -0.06815 0.18405
B 0.00559 0.00455

A 0.20062 0.09436
B 0.00283 0.00233

R =0.4487
90=0.03043, N=8
P =0.26479

R =0.44436
90=0.0156, N=8
P=0.27

Y=A+B*X

Figure A3. Trial 1, Stage I: Microfiltration o f 18 g L~^ cell spheroplasts with a 0.2 pm
membrane at 1 bar P pM

o f 3.3 m s~^. a-amylase transmission is shown by (O) and

protein transmission (\2 ), the linear regressions are shown by the dashed and solid lines
respectively.
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40-

<^30g

"

•I 2010 -

0.15

020

025
030
J/P„ rx 10 ‘^ms'^bar'^)

035

0.40

TM

Linear Regiession for J/P^ vs

Linear Regiession for J/P^ vs :

Protein transmission^
Y =A + B *X

a-amylase transmission( - Y =A +B *X

):

Param \àlœ sd

Param Wue sd

A -0.19367 0.08225
B 0.0314 0.00925

A -0.26365 0.06998
B 0.05753 0.00787

R =0.81078
3)=0.02535,N=8
P =0.01462

R =0.94814
90=0.02156, N =8
P =0.00034

)

Figure A4 Trial I, Stage II: Microfiltration o f 18 g L~^ cell spheroplasts with a 0.2 pm
membrane at 4 bar P jM and V c o f 2.1 m s~^. a-amylase transmission is shown by (O) and
protein transmission (\2 ), the linear regressions are shown by the dashed and solid lines
respectively.
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20

15
10

5
0

030

025

J/P.

035
0.40
10‘^ms '^bor '^)

Linear Regcssion for J/P.^ vs

Linear Regession for J/P^ vs

^^^l|tg@ ^^ission (------ ):

a-arrylase transmission ( -------- ):

____________________

Y =A +B *X

0.45

Param W ie sd
Param W ie sd
A 0.08206 0.09057
B -0.00376 0.00743
R =-0.22049
SD=0.02102,N=7
P =0.63471

A 0.20035 0.15007
B -0.00309 0.01232
R =-0.11153
90=0.03483, N =7
P=0.81184

Figure A5 Trial 1, Stage III: Microfiltration o f 18 g L~^ cell spheroplasts with a 0.2 pm
membrane at 1 bar P jM

o f 3.1 m s'^. a-amylase transmission is shown by (O) and

protein transmission (d ), the linear regressions are shown by the dashed and solid lines
respectively.
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0
0
50-

XT
030

0.40

035

J/P ^ (x

10

ms

bar

Linear Regression for J /P ^ vs
Protein Transmission (
Y =A +B *X

):

Param W ie sd
A 0.0086 0.18726
B 0.00785 0.01527
R =0.22409
SD=0.02241,N=7
P =0.62905

Figure A 6 Trial 2, Stage I: Microfiltration o f 13 g L~^ cell spheroplasts with a 0.2 pm
membrane at 1 bar PpM

o f 3.5 m s~^. a-amylase transmission is shown by (O) and

protein transmission (U), the linear regression fo r protein is shown by the solid line.
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50
40
30
20
10

0

0.05

0.15

0.10

J /P ^ ( x

1 0 '^

-

1 - 1

m s'^bar'^)

linear Regression for J /P ^ vs
Protein transmission (
Y =A +B *X

):

Param \&lus sd
A -0.08031 0.01282
B 0.04277 0.00403
R =0.97434
SD=0.00557,N=8
P = 0.00004

Figure A 7 Trial 2, Stage II: Microfiltration o f 13 g L'^ cell spheroplasts with a 0.2 pm
membrane at 4 bar P pM

o f 2.8 m s~^. a-amylase transmission is shown by (O) and

protein transmission (\2 ), the linear regression fo r protein is shown by the solid line.
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4 0 -,

30-

S

•S 2 0
H

■
-

H

10-

020

0.15

025

'^ms '^bar'^)

Linear Regression for J /P ^ vs
Protein transmisaon (
Y =A +B *X

):

Param W ie sd
A -0.25199 0.12294
B 0.03927 0.01483
Rr=0.734
99=0.02539, N = 8
P =0.03817
Figure A 8 Trial 2, Stage III: Microfiltration o f 13 g L'^ cell spheroplasts with a 0.2 pm
membrane at I bar PpM

o f 3.4 m s~^. a-amylase transmission is shown by (O) and

protein transmission (^3), the linear regression fo r protein is shown by the solid line.
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15-,

10-

E
I
5-

035

0.40

0.55

0.45

linear Regession for J/P^ vs

Linear Regession for J/P^ vs

protein transmission ( ------- ):
Y =A +B *X

a-arrylase transmission (
Y =A +B *X

Param W ie sd

Param W

A 0.00226 0.01731
B 0.00279 0.0011

A -0.01639 0.06613
B 0.00517 0.00419

R =0.82672
SD=0.00414,N=5
P =0.0843

R =0.58025
90=0.01582, N =5
P =0.30505

ie

):

sd

Figure A9 Trial 3, Stage I: Microfiltration o f 18 g L '^ cell spheroplasts with a 0.8 pm
membrane at 1 bar PpM

o f 3.9 m s~^. a-amylase transmission is shown by (O) and

protein transmission (\2 ), the linear regressions are shown by the dashed and solid lines
respectively
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15.0-,

10.0 -

S
s
5.0-

0.05

0.15

0.10

Linear Regiesaon for J/P ^ vs

Linear Regesaon for J/P ^ vs

protein transmission (----------):
Y =A + B *X

a-an^Iase transmission ( -------- ■):
Y =A + B *X

Param Wus sd

Param \&1le sd

A 0.01894 0.00706
B 0.00459 0.00172

A 0.05855 0.03425
B 0.00571 0.0083

R =0.73588
SD=0.00525,N=8
P =0.03742

R =0.29418
$0=0.02527, N =7
P =0.52191

020

Figure AlO Trial 3, Stage II: Microfiltration o f 18 g L'^ cell spheroplasts with a 0.8 pm
membrane at 4 bar P pM

^

a-amylase transmission is shown by (O) and

protein transmission (U), the linear regressions are shown by the dashed and solid lines
respectively
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15-,

<^10-

§
5H
IT

0.05

025

020

0.10

030

•)
Linear Regession for J/P^ vs

linear Regession for J/R^ vs

protein transmission (
Y=A+B*X

aran^lase transmission t
Y =A + B *X

):

Param W ie sd

Param W

A 0.03114 0.00703
B -0.00071 0.00093

A 0.05677 0.01476
B -0.00015 0.00196

R =-0.2956
SD=0.00443,N=8
P =0.47719

R =-0.03197
90=0.00929, N = 8
P = 0.94009

ie

):

sd

Figure A l l Trial 3, Stage III: Microfiltration o f 18 g L~^ cell spheroplasts with a 0.8 pm
membrane at 1 bar P jM

Pic o f 3.9 m s~^. a-amylase transmission is shown by (O) and

protein transmission (d ), the linear regressions are shown by the dashed and solid lines
respectively
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50-,
40-

g
g
20 -

10-

linearR^TessionforJ/P^vs

Protein transmission (
Y =A + B *X

Linear Regression forJ/P^^ vs
TM

)

a-amylase transmission (
Y =A +B *X

Param Wus sd

Param \àlie sd

A -0.22638 0.07215
B 0.01233 0.0018

A -0.01051 0.16888
B 0.00422 0.00422

R =0.94133
99=0.03111,N=8
P =0.00048

R =0.3775
99=0.07283, N =8
P =0.35655

):

Figure A12 Trial 4, Stage I: Microfiltration o f 7.5 g L~^ cell spheroplasts with a 0.8 pm
membrane at I bar P pM

7 m s'^. a-amylase transmission is shown by (O) and

protein transmission (Ï2), the linear regressions are shown by the dashed and solid lines
respectively
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30-

030

035

0.40

0.45

030

035

0.60

bar )

Linear Regiession for J/P ^ vs

linear Regression for J /P ^ vs

Protein Transrnisslon(
Y =A +B*X

a-arnylase transmission (
Y =A +B *X

Param

\b liE

sd

):

):

Param W ie sd

A -0.08217 0.06105
B 0.01835 0.00426

A -0.03007 0.01154
B 0.00799 0.0008

R =0.88756
SD=0.0316,N=7
P =0.00766

R =0.97556
SD=0.00597,N=7
P =0.00018

Figure A13 Trial 4, Stage II: Microfiltration o f 7.5 g L '^ cell spheroplasts with a 0.8 pm
membrane at 1 bar PpM

7 m s'K a-amylase transmission is shown by (O) and

protein transmission (U), the linear regressions are shown by the dashed and solid lines
respectively
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40-,

30-

S

-

"0 20 -

0.50

0.60

0.70

0.80
J/P_
TM

1.10

130

120

'

Linear Regession for J/P ^ vs

Linear Reg-ession for J/P^ vs
protein transmission (
Y =A +B *X

1.00
0.90
10‘^ms'*bar'^

):

a-an^lase transmission (
Y =A +B *X

Param W ie sd

Param Wus sd

A -0.12671 0.00952
B 0.01054 0.00031

A 0.03226 0.03509
B 0.00488 0.00115

R =0.9974
SD=0.00615,N=8
P =4.39825-8 -

R =0.86647
SD=0.02269,N=8
P =0.00537

):

Figure A14 Trial 5: Microfiltration o f 18 g L~^ cell spheroplasts with a 0.8 pm membrane
at I bar P jM

o f 4.7 m s~^. a-amylase transmission is shown by (O) and protein

transmission (U), the linear regressions are shown by the dashed and solid lines respectively
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30-,

20-

g

■

•I 10H
0-

0.45

0.60
J/P_ .(x 10'^ ms'^ bar'*)

Linear Regression for J /P ^ vs
Protein transmission (
Y =A +B *X

0.65

linear Regession for
): a-arrylase transmission (
Y =A +B *X

Param W ie sd

Param W ie sd

A -1.05099 0.47986
B 0.05125 0.02209

A -0.38745 0.4866
B 0.02557 0.0224

R =0.72004
SD=0.03012,N=7
P = 0.06804

R =0.45467
99=0.03055, N = 7
P =0.30537

0.70

IM

vs
):

Figure A15 Trial 6, Stage I: Microfiltration o f 7.7 g L~^ cell spheroplasts with a 0.2 pm
membrane at 1 bar P pM

o f 6.2 m s~^. a-amylase transmission is shown by (O) and

protein transmission (U), the linear regressions are shown by the dashed and solid lines
respectively
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25-,
20-

0 ! 15-

8
10-

H
5-

0i5

0.60

0.65

J/P.JM(x 10

0.75

m s bar

linear Regession for J/P ^ vs

linear Regiession for J/P ^ vs
a-an^lase transmission (
Y =A +B *X

0.70

);

protein trananission (----------):
Y =A +B *X

Param W ie sd

Param W ie sd

A 0.30917 0.13526
B -0.00724 0.00603

A -0.01889 0.0904
B 0.00392 0.00403

R =-0.4404
SD=0.02718,N=8
P =0.27481

R =0.36931
SD=0.01816,N=8
P =0.36793

Figure A16 Trial 6, Stage II: Microfiltration o f I I g L~^ cell spheroplasts with a 0.2 pm
membrane at 1 bar PpM

6 -2

m s '^ . a-amylase transmission is shown by (O) and

protein transmission (d ), the linear regressions are shown by the dashed and solid lines
respectively
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25-,
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S 15g
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H
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035
J/P

0.45

0.40
(x lO '^m s'^bar'^

Linear Regression for J/P ^ vs

Linear Regession for J/P ^ vs

a-arr^lase transmission (
Y =A +B *X

protein transmission (
Y =A +B *X

Param W ie sd

Param W ie sd

A 0.58908 0.08589
B -0.03064 0.00612

A 0.14163 0.01911
B -0.00756 0.00136

R =-0.96237
SD=0.01228,N=4
P =0.03763

R =-0.96905
SD=0.00273,N=4
P =0.03095

):

Figure A I 7 Trial 6, Stage III: Microfiltration o f 19 g L~^ cell spheroplasts with a 0.2 pm
membrane at 1 bar PpM

6 -2

m s'^. a-amylase transmission is shown by (O) and

protein transmission (T}), the linear regressions are shown by the dashed and solid lines
respectively
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Linear Regiession for J /P ^ vs

linear %gpession for J /P ^ vs

Protein transmission (
Y =A +B *X

a-an^lase transmission (
Y =A +B *X

Param W le sd

Param

A 0.07233 0.03498
B -0.0017 0.00231

A 0.01345 0.03973
B 0.00483 0.00262

R =-0.28827
90=0.01338, N = 8
P =0.48869

R =0.60175
SD=0.0152,N=8
P =0.1145

\à liE

070

):

sd

Figure A18 Trial 7, Stage I: Microfiltration o f 18 g L'^ cell spheroplasts with a 0.2 pm
membrane at 1.3 bar PpM

Vq o f 4.9 m s~^. a-amylase transmission is shown by (O)

and protein transmission ([2 ), the linear regressions are shown by the dashed and solid lines
respectively
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Linear Regession for J/P^ vs

Linear Regression for J/P^ vs
a-amylase transmission (
Y=A+B*X
Param W ie

sd

):

protein transmission (-------Y =A +B *X
Param

W

ie

):

sd

A 0.59118 0.13806
B -0.12054 0.0409

A 0.6854 0.32731
B -0.15686 0.09696

R =-0.76907
90=0.02285, N =8
P =0.0257

R =-0.55111
90=0.05418, N =8
P =0.15683

Figure A19 Trial 7, Stage II: Microfiltration o f 27 g L~^ cell spheroplasts with a 0.2 pm
membrane at 1 bar P jM
protein transmission

o f 4.9 m s~^. a-amylase transmission is shown by (O) and
the linear regressions are shown by the dashed and solid lines
respectively

231

Impacts o f separation processes on protein recovery from cells and cell spheroplasts.
Appendix 7. Correlation between transmission and flu x fo r dilute concentration trials.

20-

S
g
10-

H

0.40

0.45

0.50

0.60

0.65

Linear Regression for J/P^ vs

Linear Regession for J/P^ vs

Protein transmission (
Y=A+B*X

a-an^Iase transmission (
Y =A +B *X

):

Param W ie sd

Param Wus sd

A -0.10411 0.02518
B 0.01016 0.00127

A -0.10579 0.0516
B 0.01328 0.00261

R =0.96298
99=0.00676, N =7
P =0.0005 , _

R =0.91575
SD=a01385,N=7
P =0.00378

0.70

):

Figure A20 Trial 8, Stage I: Microfiltration o f 27 g L'^ cell spheroplasts with a 0.8 pm
membrane at 2 bar P jM

o f 4 .7 m s~^. a-amylase transmission is shown by (O) and

protein transmission (U), the linear regressions are shown by the dashed and solid lines
respectively
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a-an^lase transmission (
Y =A + B *X

):

Param W ie sd

Param W ie sd

A -0.01116 0.03074
B 0.00409 0.00215

A -0.02515 0.04561
B 0.00779 0.00319

R =0.61323
33=0.01261, N =8
P=0.10593

R =0.70575
SD=0.01871,N=8
P =0.05046

0.60

):

Figure A21 Trial 8, Stage II: Microfiltration o f 39 g L~^ cell spheroplasts with a 0.2 pm
membrane at 2 bar P jM

P c o f 4.7 m s~^. a-amylase transmission is shown by (O) and

protein transmission (U), the linear regressions are shown by the dashed and solid lines
respectively
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a-amylase transmission ( — — —):

Param W ie sd

Param W ie sd

A 0.13987 0.02237
B -0.04455 0.01819

A 0.14894 0.02988
B -0.05353 0.02429

R =-0.77458
90=0.01606, N = 6
P = 0.07049
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P = 0.09227

Y =A +B *X

Figure A22 Trial 8, Stage III: Microfiltration o f 54 g L~^ cell spheroplasts with a 0.2 pm
membrane at 2 bar PpM

^^

cc-amylase transmission is shown by (O) and

protein transmission (T2), the linear regressions are shown by the dashed and solid lines
respectively.
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A Contraves Rheomat 115 concentric cylinder viscometer was used to measure the viscosity
of feed, retentate and permeate samples from microfiltration trial. The rheometer turns he
internal cylinder at various pre-set shear rates, and a reading for the shear stress is obtained.
The data is plotted as shown below, and the viscosity is obtained from the gradient of the
linear regression. The data below is typical, turbulent effects mean that the highest shear
rate leads to a higher than theoretical shear stress, and so the linear regressions were
performed excluding this final point. The data obtained is summarised in the table below.

8000-,

6000S
4000-

2000 -

0

2000

1000

3000

4000

Shear rate (s'^)
Linear Regression
Y =A +B *X
Param Value sd
A -81.69471 42.71668
B 1.5813 0.04603
R =0.99454
SD= 131.21616, N = 15
P = 3.8031^14

Figure A23 Typical viscosity plot fo r a microfiltration permeate sample.
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desscription

p (x 10'^ N s m'2)

1-2

Trial 4

permeate

1.77

0.975

Trial 8

perm

1.62

0.987

Trial 8

retentate

3.81

0.992

Trial 9

final retentate

2.59

0.998

Trial 9

permeate

1.71

0.993

Trial 10

retentate

4.63

0.998

Trial 11

retentate

2.44

0.999

Trial 14

permeate

1.58

0.989

Trial 14

retentate

1.95

0.994

Trial 15

permeate

1.61

0.987

Trial 15

retentate

2.13

0.998

Trial 16

feed

1.60

0.997

Trial 16

retentate

1.80

0.995

Trial 16

perm

1.58

0.994

Table A3 Viscosity data fo r permeates and retentâtes.
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Appendix 9. Comparison of the strength of cells and spheroplasts by homogenisation.
Methodology
A small scale homogeniser was used to assess the relative strength of cells an spheroplasts.
Cells from a defined medium fermentation (5 L in the Chemap 7 L) where harvested when
the cell dry weight had reached 12 g L"l. 4 L of broth were centrifuged in the IP tubular
bowl centrifuge, and the resulting cell pellet treated using the standard osmotic shock
protocol to produce 1.6 L of spheroplasts.

The cells and spheroplasts were then homogenised using the APV Lab40 homogeniser for a
single pass at a certain homogenisation pressure. Immediately after homogenisation PMSF
(protease inhibitor) was added to each 20 mL sample (200 pL of a 5 mg mL"l solution,
i.e.~0.05 mg m L 'l of PMSF in the sample).
homogenised at each operating pressure.
(microcentrifuge) for

10

Two samples of each stream were

The resulting homogenates were centrifuged

minutes and the supernatants assayed for protein, a-amylase and

G 6 PDH.
Results and discussion.
Release of protein and a-amylase tended to be more rapid (for the same operating pressure)
with the whole cells than with the spheroplasts. The rate of release o f G 6 PDH was very
similar for the two feeds.

A higher degree of a-amylase release is seen for the same operating pressure than for
protein or G 6 PDH. This is indicative of the predominantly periplasmic location of the
enzyme. G 6 PDH is a cytoplasmic enzyme, and so the release is lower than the a-amylase at
the lower operating pressures. This type of correlation between the rate of release of a
particular enzyme has also been seen with yeast homogenisation (Follows et al, 1971).
Conclusion.
As the whole cells released a higher proportion of the available protein than the spheroplasts
did for the same operating conditions, the whole cells appear to be more prone to breakage
than the spheroplasts. This is probably a result of the reduction in internal osmotic pressure
in the cell spheroplasts, which is thought to make them flexible under shear, whereas the
whole cells are more rigid and unable to deform.
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Figure A24 Homogenisation profdes fo r whole cells (closed symbols) and spheroplasts
(open symbols) using the Lab 40 homogeniser. Protein is shown by the squares, GôPDHby
the diamonds, and a-amylase by the circles.
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Appendix 10.

Calculation of the equivalent protein in solids samples from

centrifugation.
The solids samples from the disk stack centrifugation trials were spun and the resultant
supernatant was assayed for protein. In order to compare the protein levels in these solids
samples with the feed levels it was decided to normalise the data back up to the same solids
fraction as the feed samples by ‘adding back’ supernatant. The amount of protein added
back in the supernatant is calculated, and this is summed with the protein originally present
to give a protein concentration for the liquid in the resuspended sample.
Each sample will have a total volume V y made up of liquid, V l and solid, Vg:

Vt =Vs +Vl
the volume fraction v of a sample is:

Thus ImL of a sample with volume fraction v will contain v mL of solid, and (1-v) mL of
liquid.

We also know the volume fraction of the original feed, vf.

This allows us to

calculate the total volume for resuspension, V jR of the solids to the correct volume
fraction:

Thus, the volume of liquid in the resuspended sample is:

Vlr =Vtr -Vs
So the volume of supernatant (V^DD) which should be added back can be obtained,
remembering that the original sample contained V l mL of liquid:

Va d D=Vlr -Vl
Once the volume of supernatant is known, the mass of protein associated with this is readily
calculated, allowing the total amount of soluble protein to be calculated by adding on the
mass of protein associated with the original Vl mL. This can then be expressed as a protein
concentration by dividing by the volume of liquid in the resuspended sample, V l r .
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