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Abstract

Abstract

Although much work has been carried out into the study o f bioconversions and 
the associated upstream process options, very little has focused on the issues o f  
downstream product recovery. The overall process route to the purification o f  
bioconversion products may be described in three parts: catalyst removal, 
product concentration and product isolation. This work aims to study the options 
for catalyst recovery and product concentration from a whole cell bioconversion.

The model reaction for study is the commercially important bioconversion o f  
racemic ketone bicyclo[3.2.0]hept-2-ene-6-one to the lactone products (1S,5R)- 
2-oxabicyclo[3.3.0]oct-6-en-3-one and (lR,5S)-3-oxabicyclo[3.3.0]-oct-6-en-2- 
one. This is achieved by the use o f an Escherichia coli TOP 10 [pQR239] whole 
cell catalyst. Extraction o f products was studied direct from the bioconversion in 
spent fermentation media and resuspended catalyst in phosphate buffer.

Catalyst recovery was investigated by use o f  centrifugation and both micro- and 
ultrafiltration. Techniques applicable to the product concentration o f the lactone 
products have been assessed. Only the use o f physical adsorption and liquid- 
liquid extraction proved effective. The effects o f  process stream and choice o f  
catalyst recovery technique on these concentration techniques has been studied.

Physical adsorption was achieved by the use o f the resin Amberlite XAD-4. This 
was successfully operated in a packed bed column producing an effective 
extraction and concentration step. The choice o f primary recovery technique or 
operation o f  bioconversion had no effect on the column performance. However, 
it is necessary to remove the biocatalyst prior to loading in order to avoid a 
pressure increase across the column. The presence o f substrate within the feed 
stream was shown to have a deleterious effect on column performance. This 
highlights the need for effective monitoring o f the bioconversion in order to 
avoid significant residual substrate.

The application o f  batch liquid-liquid extraction is poor due to the low partition 
coefficient o f  the products. Therefore, the use o f a liquid-liquid continuous 
extractor was studied. This system is designed for use with low partition 
solvents and dilute concentration o f components. The system has been 
demonstrated to be effective in the extraction and concentration o f  products from 
bioconversion media. An algorithm to describe the system was developed and 
the effect o f  the operating parameters on extraction rate established. The system 
is capable o f extraction direct from the bioconversion although the process can 
not be agitated and operation is therefore slow. More rapid operation can be 
achieved by the application o f a catalyst recovery step with the rate dependent on 
the level o f agitation as determined by broth clarity. The highest clarity o f  
bioconversion broth was achieved using ultrafiltration and this resulted in the 
shortest extraction time.
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Nomenclature

Nomenclature

C(i) Initial concentration (gr')

C(t) Concentration in broth at time t (gr')

C a * Equilibrium concentration in fluid (g i')

CAS* Equilibrium concentration on adsorbent (g g ')

C asm Maximum loading on adsorbent (g g ')

CER Carbon Dioxide Evolution Rate (imnoir'h'')

D Distribution coefficient (-)

DOW Dry cell weight (gl-')

DOT Dissolved Oxygen Tension (%)

Ds Partition distribution into solvent phase (-)

f Flowrate (Imin')

K a Constant (-)

LES Length Equilibrium Section (m)

Lo Length o f Column (m)

LUE Length Unused Bed (m)

CD Optical density (ran)

OUR Oxygen Uptake Rate (m m oir'h')

RQ Respiratory Quotient (-)

t Time (min)

Vo Broth volume (1)

Xa Concentration in aqueous phase (g l')

Ya Concentration in solvent phase (g l')

Z Mixing coefficient (-)

P Phase volume ratio (-)

'[p Initial lag phase compensator (min)
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Introduction

1 Introduction

1.1 Biocon version

1.1.1 Introduction

The use o f a biological catalyst in order to carry out a required chemical reaction 

is termed as a hioconversion.

Biological catalysts offer a number o f considerable advantages over many 

chemical alternatives. Process streams often result in reduced waste generation, 

a greater purity o f product and lower energy consumption. This can 

subsequently lead to the generation o f  significantly ‘greener’ routes during 

product formation. For example, the chemical production o f indigo is a process 

requiring toxic chemical reagents and generating toxic waste material. The use 

o f  a biosynthetic route dispenses with these requirements and produces an 

environmentally friendly alternative (Tramper, 1996).

Biocatalysts are often overlooked for use in production processes due to many 

preconceived ideas and misconceptions o f  the enzymes potential. These include 

views o f  high expense, low stability, low productivity, difficult cofactor recycle 

systems and a lack o f  ability to perform industrially interesting reactions. These 

views have been recently reviewed, highlighting the potential o f biological 

catalysts to perform efficiently under these conditions (Rozzell, 1999). Issues 

including the high asymmetric potential, production firom renewable sources by 

fermentation and environmental considerations mean biocatalysts are becoming a 

powerful addition to the chemists toolbox.

A biocatalyst may be used in a number o f forms (whole cell, permeabilised cell, 

crude extract, free enzyme or immobilised enzyme) and from various sources 

(microbial, plant cells). For example, in the search for new compounds and 

reactions, enzyme sources have extended to the use o f  plant cells for reactions on 

aromatics, steroids, alkaloids, coumarins and terpenoids (Giri et al, 2001).

18
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Bioconversions may also be exploited by use in altered media such as solvents. 

Here they have been successfully applied in order to improve enzyme kinetics, 

substrate range, stability and even selectivity (Tawaki and Klibanov, 1993), 

(Tchorbanov and Iliev, 1993), (Klibanov, 2001).

Advances in molecular biology are making it possible to make ‘designer 

enzymes’ by altering and improving enzymes that already exist. The 

development o f techniques so that enzyme properties can be improved by 

directed evolution is receiving much attention (Kuchner and Arnold, 1997), 

(Meyer et al, 1997), (Burton et al, 2002). These techniques improve enzyme 

properties by altering the protein sequence using a process o f  selective mutation 

followed by mass screening in order to select for improvements. This has led to 

the improvement o f lipase enantioselectivity (Liebeton et al, 2000), and 

improved performance o f an hydantoinase (May et al, 2000). Other examples 

also include the improved thermostability o f an esterase and altered substrate 

specificity by combining genes for biphenyl oxygenase from different organisms 

(Burton et al, 2002).

Advances in computer technology and its application to biological systems have 

led to the identification o f combinatorial techniques for biocatalyst design from 

basic units (Kuchner and Arnold, 1997). This also allows identification o f  

modular enzyme sites that may be exploited to build new enzymes (Khosla and 

Harbury, 2001).

1 .1 .2  Stereochem istry

A chiral molecule is one that has a shape such that it cannot be superimposed on 

its mirror image. This effectively forms two molecules, which although 

atomically identical, vary in structural conformation (Figure 1.1). During a 

chemical reaction, isomers may form by either stereoselectivity around a central 

carbon atom or regioselectivity with, for example, the insertion o f  an atom or 

functional group into different positions on an aromatic ring. These can have a 

dramatic effect on biological systems where the stereochemistry o f  a compound
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w ill effect how it functions. One isomer may bind to a set o f  biologieal receptors 

causing the desired response, whereas the other isomer may interact with another 

set o f  receptors producing an undesired response. This effect is o f  particular 

interest in the pharmaceutical industry and has resulted in the FDA tightening 

regulations with considerations and incentives for developing single enantiomer 

drugs (De Camp, 1989), (http://www.fda.gov/cder/guidance/stereo.htm). 

(Blumenstein, 1997).

R4 R2

R3

R2 R4

R3

Figure 1.1 The positioning o f functional groups around a central carbon atom 
in a chiral molecule.

The issues o f altered activity o f isomers are not just exclusive to the 

pharmaceutical industry. Stereochemistry and biological receptors are an issue 

o f  great importance in both the agrochemical and flavour and fragrance 

industries. As the consumer continually demands more natural and 

environmentally friendly ingredients and products with improved functionality, 

the chemist increasingly has to look at alternatives for production. A  

hioconversion can offer these stereospecific reactions to the desired single 

enantiomer intermediate or product (Cheetham, 1993).

A further issue is raised when considering the intellectual property rights o f  a 

chiral product on the market. If a chemical for biological use is released to 

market as a chiral product and patented as such then it is possible for an
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http://www.fda.gov/cder/guidance/stereo.htm


Introduction

independent company to patent the most effective isomer as their product. This 

often produces a more effective product by removing the non-beneficial form o f  

the compound. This has been seen in the United States where the company 

Sepracor, has assembled a portfolio o f 16 single enantiomer products previously 

marketed as racemates (Stinson, 1998).

1 .1 .3  Applications in industry

Biological catalysts can offer advantages in routes to the synthesis o f new 

compounds, especially enantiomerically pure forms. At present, many o f these 

can not be generated by traditional chemical syntheses. However, the use o f 

biocatalysts offers distinct advantages with, for example, the resolution o f a 

number o f drugs that were originally racemates (Margolin, 1993).

The acquisition o f small specialist biocatalysis firms by companies such as DSM  

and Cambrex represents a growing shift in the fine chemical industry. The trend 

now being toward the use o f bioconversion as a tool in new organic molecule 

synthesis (McCoy, 1999). Selection strategies in order to highlight the potential 

o f biocatalysis and the companies offering services have been presented 

(Drajeske and Pariza, 1999). The range and application o f biocatalysis in fine 

chemical production has been reviewed by a number o f  authors (Meyer et al, 

1997), (Liese and Filho, 1999), (Schulze and Wubbolts, 1999), (Koeller and 

Wong, 2001), (Schmid et al, 2001). They have shown how biocatalysts have 

been successfully applied to the synthesis o f chemicals for use in pharmaceutical, 

agrochemical and flavour and fragrance industries.
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Racemates

Preferential Kinetic
crystallisation resolution

Diastereomer
crystallisation

Chemical Enzymatic

Chiral
pool

Synthesis

Prochiral
substrates

Asymmetric
synthesis

Biocatalysis Chemocatalysis

Figure 1.2 Synthetic routes to pure enantiomers (from Sheldon, 1996).

The synthesis o f pure enantiomers may be achieved by several methodologies: 

chiral pool, separation o f racemates via crystallisation techniques or enzymatic 

kinetic resolution and catalytic asymmetric synthesis (Figure 1.2). The role o f  

hioconversion in this production is important and has been highlighted in several 

reviews (Margolin, 1993), (Sheldon, 1996), (Crosby, 1997). Areas o f  research 

that are o f particular commercial importance are the production o f  

enantiomerically pure compounds bearing chiral hydroxy, carboxy, amino and 

sulfoxide groups (Table 1.1), (Meyer et al, 1997).

Functional group

Occurrence 

(as % o f  chiral centres)

Hydroxy -OH 40

Carboxy -COOH 22

Amine -NH2 16

Sulfoxide >s=o 3

Other 19

Table 1.1 The occurrence o f  functional groups at chiral centres in 

pharmaceuticals (from Meyer et al, (1997)).
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1.2 Biocatalyst selection

1.2.1 Selecting the catalyst

The choice o f  biocatalyst for a desired reaction is a process o f screening, 

selection and classic mutagenesis, followed by possible genetic engineering 

(Meyer et al, 1997). Once the biocatalyst has been produced, it is then analysed, 

further enhanced and a suitable bioreactor chosen. This is often a case by case 

study, using previously generated data and information regarding current 

bioreactor design. A checklist o f  the properties that may be assessed in the 

selection o f  a process is given in Figure 1.3.

The importance o f  selectivity in enzymes has lead to studies into how this can be 

exploited. Work has shown how both enantio- and dia-stereoselectivity o f  

hydrolytic enzymes can be altered (Faber et al, 1993). The choice o f solvent 

used in a two phase and anhydrous system can also be used to improve 

selectivity (Tawaki and Klibanov, 1993), (Tchorbanov and Iliev, 1993).

The application o f  a biocatalyst is achieved either by the use o f whole cell 

organisms or immobilised enzymes. The choice is dependent on a number o f  

factors. A whole cell biocatalyst will tend to be used if  the required enzyme 

cannot be isolated or requires co-factors as this may be cheaper than enzyme 

extraction and isolation. However, the use o f immobilised isolated enzymes 

offers advantages o f  easier reactor operation and control, easier product recovery 

and purification, a wider choice o f  reactors and often a higher product yield per 

unit area. Therefore, the use o f immobilised enzymes offers greater flexibility, 

and with improvements in isolated enzyme production techniques at reduced 

costs, this makes it a more appealing approach.
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Enantioselectivity 
Cofactors 

Coenzymes 
Enzyme location 

Location o f enzyme activity 
Stability 

Single/multienzyme

Reaction/Biocatalyst properties

Equilibrium -  pH/temp dépendance 
Michaelis-Menten kinetics 

Gas consumption/production 
Heat evolution 

Activity

Reactor operation

Substrate inhibition 
Product inhibition 
Substrate toxicity 
Product toxicity

Requirement for water 
Acid/base requirement 

Water consumption/production

Downstream Processing Properties

Melting/Boiling points 
Water solubility 

T emp/pH/time/stability 
Volatility

Figure 1.3 Checklist o f information required for biocatalyst design (adapted 
from W oodley and Lilly, 1994).
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1.2 .2  Selecting the reactor

Various types o f reactor have been designed and characterised for use with 

biocatalysts as shown in Figure 1.4. The selection o f a suitable reactor depends 

on factors relating to the performance and stability o f  the enzyme as well as its 

production cost. For example, an enzyme with high productivity, which is over 

expressed in an organism, may be easily used in a batch reactor as permeabilised 

whole cell. However, if  that enzyme is not over expressed and is very expensive 

to produce then its use as immobilised isolated enzyme in a continuous stirred 

tank reactor will improve the economics o f the process.

Each reactor design is suitable for a different range o f characteristics o f the 

catalyst. Continuous reactors, for example, have been used for the resolution o f  

Naproxen (Battistel et al, 1991), and important intermediate amines (Gutman et 

al, 1992). Packed bed reactors have shown their use in hydrolysis o f  picorin with 

high productivity (Iborra et al, 1993) and 6-APA production (Lee, 1997).

The production o f models is o f vital importance to all reactor designs. The 

greater the understanding o f a reactor then the easier it is to implement the 

technology. Advances towards models for cost minimisation in the pre-design o f  

enzymatic continuous stirred tank reactor (CSTR), have been made (Malcata, 

1995). In addition, optimal design models for CSTR in series with reversible 

Michaelis-Menten reactions have been described (Abu-Reesh, 1996). These will 

all aid in the selection o f appropriate systems.

Two-liquid phase systems have also been studied for use as they can keep 

inhibitory components away from the enzyme active site. An extensive review 

o f these systems has been carried out (van Sonsbeck et al, 1993). They have 

been used for such applications as the stereoselective resolution o f  pantoic acid 

(Kataoka et al, 1996). Earlier studies have begun to determine parameters for 

reactor design and such studies are beginning to thoroughly characterise these 

types o f reactors (Woodley et al, 1991).
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Batch stirred 
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Introduction

Product

Continuous stirred 
tank reactor

Enzyme either immobilised on solid support or in micro-emulsion

Substrate Product

Product

Packed bed 
reactor

Substrate

Fluidised bed 
reactor

Enzyme is attached to solid support (usually beads) and either tightly packed 
(packed bed), or suspended in fluid under reactant flow (fluidised bed).

Novel reactors

c m
Solvent 

/  phase

\  Aqueous 
phase

Two phase 
reactor

Reactors have various designs 
in order to allow good mixing 
o f aqueous and organic phases 
as reaction takes place

Substrate

Enzyme
recycle

Product
Membrane

reactor

Reaction takes place in a main 
vessel and a recycle feed is 
used to filter product

Figure 1.4 Examples o f  bioreactor configurations for use with biocatalyst 
(does not include ISPR reactors).

The advantage o f solvent systems has led to specialist types o f reactor design 

receiving much attention, one o f  which being the membrane reactor. These have
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been successfully used for bioconversion o f hydrophobic molecules (Doig et al, 

1998a), and continuous bioconversion o f isovaleraldehyde (Molinari et al, 1997). 

They will continue to receive attention in the coming years due to the highly 

effective continuous retention o f enzyme and removal o f reaction constituents.

1.2.3 In Situ Product Removal

Strategies may be applied to improve the productivity o f a whole cell biocatalyst. 

It is often the case that either the substrate or product has an inhibitory or toxic 

effect on the biocatalyst. This results in either under-utilising the catalyst 

potential or damaging the cell (membrane stripping or lysis), resulting in more 

complex process streams. The use o f in-situ product removal (ISPR) is a 

technique that may be applied in a number o f  areas to overcome these limitations 

(Lye and Woodley, 1999). ISPR is designed to achieve removal o f  the product 

fi'om the biocatalyst environment during conversion to allow increased 

production. This may have several potential benefits for a bioconversion process 

(Table 1.2). Improvement in yields o f up to 15 times in the case o f taxol 

manufacture by a whole cell biocatalyst has been achieved demonstrating the 

capabilities o f these systems (Kwon et al, 1998).

Increased benefit
Impact

Upstream Downstream

Product concentration (gpf’)
Reduced reactor 

volume
Reduced processing 

volume

Yield on biocatalyst (gpgb’ )̂ Reduced catalyst cost
Increased product 

concentration

Yield on substrate (gpgs' )̂
Reduced substrate 

cost
Easier separation

Volumetric productivity 
(gpl-'h')

Reduced reactor 
volume and/or

Increased product 
concentrationprocessing time

Table 1.2 The potential benefits o f in situ product removal (adapted from 

(Lye and Woodley, 1999).
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The application o f ISPR to a bioconversion typically involves the use o f solid 

adsorbents, for example in the boron based separation o f  L-erythrolose (Vicenzi 

et al, 1997), and polymeric adsorbent resins to release ketone and adsorb product 

(Simpson et al, 2001). However, other techniques such as the use o f a liquid 

phase to remove compounds from penicillin G acylase reactions may also be 

applied (Hemandez-Justiz et al, 1998). All o f these techniques lead to an overall 

improvement in the operation o f the system.

1.2 .4  Product separation

The main types o f  product separation already used in product purification from 

fermentation and chemical reactions can be grouped into five main areas (Figure 

1.5). Techniques from some or all o f these broad areas may then be used to 

develop an overall process. All o f  these techniques have received much attention 

for both biological and chemical separations over the years and are well 

developed and accepted technology, widely used throughout the industry. The 

operation and application o f these techniques can be found in many texts (Bailey 

and Ollis, 1986), (McCabe et al, 1993), (Seader and Henley, 1998). An 

extensive review o f these techniques will not be carried out here but some 

examples o f  new technology that may become applicable to separation in 

biocatalysis will be discussed.

If a biocatalyst is to be used as an intermediate step in a chemical synthesis, or 

used for cheaper production than at present then the integration o f  such existing 

technology must be achieved. This will produce robust and well understood 

processes that can be modelled and manipulated accordingly.

The removal o f  product by the use o f membrane permeation is a powerful tool in 

continuous product extraction. The operation o f such systems relies on the use o f  

dense membranes (these contain no pores), through which the desired product 

may permeate across a chemical gradient. The advantage o f  these membranes is 

that they are not permeable to large molecules and hence no biological
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contamination may be transmitted across the membrane. This system has been 

successfully used at small scale in the bioconversion o f hydrophobic molecules 

where the substrate was added and product removed across a silicone tubing 

membrane (Doig et al, 1998a). The limitations o f  these systems are the 

requirement o f long lengths o f tubing in order to achieve efficient transformation. 

In the example presented geraniol was reduced to citronellol at a rate that was 

90-95% o f that seen in the two phase system (reduction seen shown to not be due 

to mass transfer limitations). The diffusion rates and enzyme specific activity 

required a membrane surface area to biomass ratio o f 2.4 x 10"̂  m^g biomass'^ 

Due to membrane structures the application o f this approach w ill be severely 

limited to the properties o f the substrate and product molecules. However, 

application to product separation in DSP may be more applicable.

Reeent advances in membrane technology are extending its potential use and 

application in biotechnology (Jirage and Martin, 1999). Pervaporation is one 

such process that has been widely accepted within the chemical process 

industries for separation and recovery o f liquid mixtures with the most common 

example coming from ethanol dehydration (Fleming, 1992). The process 

operates by employing a membrane between the liquid feed stream for extraction 

and a gaseous phase. Separation occurs by the product selectively diffusing 

through the barrier and being collected on the gaseous side. It has been shown 

that as a general rule flux decreases as permselectivity o f  a polymeric material 

increases (Roger et al, 1972), therefore the operation is run as a trade-off 

between selectivity and flux

One limitation to this technology is the development o f membranes that allow a 

great enough flux rate for efficient separation, but also with a high degree o f  

selectivity to not compromise purity. Many advances in such membranes are 

occurring with new composites o f polystyrenesulfbnate coating o f  alumina 

support (Chen and Martin, 1995), and photo-grafl composite membranes 

(Ulbricht and Schwarz, 1997), for the separation o f methyl t-butyl ether/methanol 

and other mixtures. The use o f  pervaporation in order to separate 1-octanol from 

octane has also been studied (Mathys et al, 1997). Permeation rates o f <I gm'^h" 

 ̂ (for 86% product purity) could be achieved with the membranes selected.
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However, this flux and separation purity may greatly improve with the use o f 

new m em branes and m ultistage equipment to make this process viable.

1. Phase creation 
e.g. Distillation

Feed

Y

2. Phase addition 
e.g. M ixer settler

Feed

Solvent

Waste

3. Barrier 
e.g. Membrane

Feed

4. Solid adsorbent 
e.g. Adsorption

5. Field or gradient 
e.g. Centrifuge

Feed

Feed

Figure 1.5 The five main fields o f  downstream  processes.
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1.2 .5  P ro cess  selection

The design o f a bioconversion process conventionally starts with the selection o f  

a suitable substrate and enzyme for the required product o f  the reaction. Once 

established then a checklist o f  key information can be identified (Freeman et al, 

1993), (Woodley and Lilly, 1994), (Lilly and Woodley, 1996). Work has looked 

at the selection o f  upstream processes and their optimisation based on experience 

gained from a variety o f processes. This has highlighted the need for 

consideration o f  downstream operations from both product inhibition 

requirements and overall final stream conditions. Using this approach, the 

design o f whole processes must consider all steps so that the effects o f an altered 

upstream process on downstream operations and vice versa may be considered.

An alternative to this design approach would be the design o f  the biocatalyst to 

fit the process (Burton et al, 2002). This has advantages in allowing the 

expensive downstream operations to be optimised based on properties o f the 

reactants and products rather than the constraints o f  the biocatalyst (Figure 1.6). 

The upstream and downstream operations can then be designed based on water 

solubility characteristics o f the reactant and product and their stability as a 

function o f  pH and temperature. High product concentrations may also be 

achieved resulting in easier downstream processing. The use o f  directed 

evolution (see section 1.1.1), w ill make it possible to make such ‘designer 

enzymes’ that will fit into a previously designed process based on the reactant 

and product characteristics. This will greatly improve the design o f suitable and 

efficient whole process routes to product manufacture.
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‘Conventional
D esign’ Process

Biocatalyst

‘Designer
Enzym e’

Process

Reactor

Downstream
Processing

Product
M elting/boiling point 
Water solubility  
Temp/ pH/ Tim e/ 
Stability

Reaction 
Substrate/product 
water solubility 
pH and temperature 
stability

Figure 1.6 Schematic representation o f  the conventional design o f  a process 
and the potential for improved process design using ‘designer enzym es’.

The separation challenges facing the overall design o f  a process can be 

represented as in Figure 1.7. Overlap o f  the com ponents represents the 

challenges that are faced when selecting the optim um  recovery technique. In 

many cases, issues such as the substrate/biocatalyst and substrate/product 

separations may be overcom e by reactor optim isation to fully utilise the substrate 

during the reaction. Therefore, the main separation issue is that o f  product and 

biocatalyst from each other and the reaction media.
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Substrate

Substrate 
concentration(s) 
Presence o f  impurities 
Substrate stability

Bio catalyst

Biocatalyst form 
Biocatalyst loading 
Catalytic stability 
M echanical stability

Product

Product
concentrations(s) 
Byproduct 
formation 
Product stability

Separation o f  individual pairs o f 
components (scparation(s) 
required dependant on reactor 
design and operation).

Com plex separation o f  all 
components together leading to 
complex downstream  processing

Figure 1.7 Schematic representation o f  the separation challenges to be 
addressed in the design o f  a biocatalytic process (adapted from (Lye and 
W oodley, 1999).

Unlike chemical processes (where m olar concentrations o f  product are routine), 

the concentration o f  product from a biocatalytic reaction is typically very low. It 

is therefore necessary to obtain the highest possible yield at each step o f  recovery 

in order to optim ise the overall recovery. As either the step yield go down, or the 

num ber o f  steps required go up, then this has a large impact on the size o f the 

production vessel required to produce a given mass o f  product (Figure 1.8). In 

order to improve all o f  these param eters in the design process it is necessary to 

order the appropriate unit operations carefully so as to achieve maximum  

recovery in a cost effective manner.
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Figure 1.8 The effect o f  the number o f steps and step yield in a downstream 
process on the total bioconversion volume required for a given final mass o f  
product.

1.3 Overview of downstream operations for bioconversions

1.3.1 Implications from reactor design

The importance o f  selecting the right bioreactor is vital to optimising the 

maximum potential from a particular biocatalyst and reaction. The design o f  

each type o f  reactor is therefore unique in being able to exploit and improve a 

particular characteristic o f the enzyme that is undesirable and reduces 

productivity. It is often the case that the choice o f reactor is dictated by the 

process equipment available for production. In these situations then the choice 

o f operating the reactor must be considered to limit the effects downstream while 

optimising the upstream operation. If the choice o f  reactor is not limited then 

this too must be considered and the optimum reactor to improve downstream 

purification and yield must be considered.
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The design o f bioreactors can result in the generation o f separation problems due 

to the physical nature o f the reactor (Table 1.3). The generation o f  shear forces 

within stirred tank reactors has shown the attrition o f immobilised biocatalysts 

with the production o f fines (Lee and Lin, 1996). These will not only have an 

effect on the overall operational stability o f the process but also add cost to the 

recovery o f the product.

Two phase reactors are often used when either the substrate, product or both are 

not soluble in water. The use o f these systems can often result in the formation 

of emulsions (Szabo, 1992). This requires the use o f  reagents such as 

demulsifiers so that an efficient separation o f the two phases can be achieved and 

total recovery o f the product established. Without this then production levels are 

greatly reduced and the process will not be cost effective.

An issue that must be considered in biocatalyst process research is the possible 

integration o f a bioconversion system into a chemical reaction pathway. This 

application will require a ‘self contained’ reaction with the product being 

produced directly into the next step o f the reaction with minimal purification and 

separation to reduce overall costs.

Two liquid phase bioreactors can be operated such that a product is extracted 

directly, and almost purely into one o f the phases. This phase can then be 

removed and passed onto another step in a multi-step reaction. This is just one 

possible configuration o f these reactors that have received much attention over 

the years (Lilly, 1982), (Lilly et al, 1987), (van Sonsbeck et al, 1993). The 

development o f membrane reactors over the last decade has also resulted in 

configurations that are capable o f producing a product stream which may be both 

concentrated and contain few other contaminants.
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W hole cell
Permeabilised

cell
Free enzyme

Imm obilised
enzyme

BSTR
Side products 

Catalyst 
separation 

Attrition particles

Side products 
Catalyst 

separation 
Surfactants 

Attrition particles

Catalyst 
separation 

Attrition particles

Catalyst 
separation 

Limit 10% v/v  
solids 

Strong beads

CSTR

Side products 
Attrition particles

Side products 
Attrition particles

Media 
com position  

Attrition particles

Limit to 10% v/v 
solids 

Strong beads

Catalyst retention within the reactor 
Substrate always present at low  levels

PBR
Column strip o ff  

Side products 
Suspension  

media

Column strip o ff  
Side products 

Suspension  
media

Not Applicable

Column strip o ff  
Suspension  

media 
Incompressible 

beads

FBR

Side reactions Side reactions
Strip o ff  Strip o ff  Suspension  
Suitable Suitable Not Applicable medium  

im mobilisation immobilisation Strip o ff  
support support

Operation at optimum conditions for fluidisation

MMB
Mass transfer rates across the membrane 

Product concentration 
Partition coefficients

Two

Phase

Attrition particles Attrition particles Media 
Emulsions Emulsions com position  

Side reactions Side reactions N ot Applicable Immobilisation in 
Catalyst Catalyst presence o f  

separation separation solvent

Phase Separation/Partition coefficients 
Solvent recycle for environmental and cost issues

Table 1.3 The implications o f  reactor design on the operation o f  the 

bioconversion and considerations for downstream  processing.
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1.3.2 Downstream  operations available

There are a range o f unit operations that can potentially be used in each o f  the 

described recovery steps (Table 1.4). The selection o f unit operations for a given 

process is highly specific to the product and contaminants. For example the 

bioconversion may involve the use o f  a packed bed reactor, therefore integrating 

the catalyst removal step into the reactor and reducing the required unit 

operations downstream.

Effect required on process stream Unit operation

Centrifugation
Catalyst removal Filtration

Decanter

Diafiltration
Electrodialysis

Concentration Evaporation
Adsorption
Permeation
Liquid-liquid extraction

Chromatography
Isolation Distillation

Crystallisation

Table 1.4 Unit operations for effective product recovery from 

bioconversions.

The range and extent o f examples o f  the later concentration and purification 

processes used specifically for biological catalysts is limited (Table 1.5). The 

techniques studied have tended to focus on wholly aqueous systems which pose 

the most significant challenges.
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Product water solubility

Soluble Insoluble

Substrate water 
solubility

Soluble

Insoluble

Evaporation̂ ®̂  
Gas stripping^^ 
Packed bed̂ ®'̂ '̂  ̂
Crytallisation^®  ̂

Electrodialysis^®^

Distillation^^  ̂
Perstraction^®  ̂

Membrane Permeation^^*

a (Hoeks ef a/, 1996)
b (van der Schaft et al, 1992)
c (Krings and Berger, 1995)
d (Mathys et al, 1998)
e (Mathys et al, 1997)
f  (Doig e? a/, 1998b)

Table 1.5 Examples o f downstream unit operations studied for product 

recovery from biocatalytic reactions in the past decade. (Does not include in-situ 

product removal techniques). * Reactor design specific for substrate delivery and 

product removal.

1.3.3 D esigning a p rocess flow sheet

The use o f biological catalysts in the viable production o f new chemicals requires 

strategies assessing the main issues o f product concentration, substrate and 

product separation and productivity. All o f  these areas affect the suitability o f  

biological catalysts to the successful scale-up and manufacture o f the product.

The options for a recovery strategy can be broken down into three distinct 

categories and linked together to form a simple flowsheet (Figure 1.9). Each 

section o f  the flowsheet represents a distinct physical alteration in the 

composition o f  the bioconversion media and is arranged in such a manner as to 

achieve the optimum feed stream to the next stage.
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Figure 1.9 Schematic for the production o f  a product compound from a 
bioconversion.

The catalyst rem oval step should always be performed as the first stage in 

recovery. This enables the catalyst to be isolated and most im portantly to be 

recycled if  required (thus improving productivity), producing less viscous 

streams that are both easier to process and less likely to result in breakage in 

subsequent steps. The use o f  either filtration (Hoeks et cil, 1996), (M eindersm a 

et cil, 1997), (Conrad and Lee, 1998), (Orlich and Schomaker, 1999), or 

centrifugation (M eindersm a et al, 1997), (M athys et al, 1998), results in the 

initial clarification, greatly reducing viscosity and particulate content.
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The yield o f whole cell biocatalysts is low with a productivity o f between 10 and 

100 gf' typical. These dilute streams lead to large volumes o f  aqueous feed for 

purification. The economics and viability o f  processing these streams has made 

these systems appear non-viable. The second stage, or concentration step, aims to 

reduce the volume o f liquid substantially before it enters the isolation step where 

the difficult separations to isolate the product can be effectively handled. 

Application o f  a concentration step such as either solid or liquid extraction may 

improve the product concentration several fold thus making the stream more 

desirable for further purification. The technique has been applied in all complete 

processes so far published. This results in smaller volumes going to the more 

expensive isolation steps (Rudd et al, 1973), (Wheelright, 1991).

The isolation step, typically involving high energy or an expensive matrix, is 

therefore carried out at the end to reduce overall costs. The range and extent o f  

examples o f  these latter concentration and purification processes used 

specifically for biocatalysis is limited (see section 1.3.2). The techniques used 

have focused on wholly aqueous systems that tend to pose the most significant 

challenges.

1.3.4 E xam ples of p rocess stream s

There are only a limited number o f reports for complete process schemes o f  

biocatalytic processes within the literature. Two such bioconversions that have 

and are being studied from a whole process viewpoint are given in Figures 1.10 

and 1.11. Both o f  these reactions require a cofactor recycle system and are 

therefore run as whole cell processes.

The layout o f these production processes has been to highlight the proposed 

recovery strategy as illustrated in Figure 1.9. Both processes follow this strategy 

for the effective recovery o f  the product from the different initial bioconversion 

reaction systems.
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y-butyrobetaine

Reactor
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bioconversion
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î.;i Active carbon

M icrofiltration

Electrodialysis

Drying

Isolation Recrystallation

L-cam itine

Figure 1.10 Purification o f  L-cam itine from the associated whole cell 
bioconversion.

The production o f  L-cam itine from y-butyrobetaine and its subsequent process 

optim isation has been well documented (Nobile and Deshusses, 1986), (Hoeks et 

al, 1992), (Hoeks et al, 1996). The system involves a whole cell bioconversion 

and highlights the issues o f residual substrate concentration after the reaction. It 

has been shown that the removal o f  substrate requires the addition o f  an extra 

recrystallisation step resulting in an increase o f  up to 40%  in the production
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costs. This has led to the necessity to monitor the substrate level and reaction 

profile accurately to ensure there is no excess o f substrate in the outlet stream.

Some elements o f this bioconversion could only be assessed when the whole 

process had been designed and the economics understood. Improvements could 

then also include the use o f glycerol as a carbon source and pharmaceutical grade 

betaine as the nitrogen source for the micro-organism with sulphuric acid as 

neutralising agent.

The use o f  two phase reactors and the subsequent downstream operations are 

displayed in the production o f 1-octanol (Figure 1.11). Although two-phase 

systems offer many advantages when either the substrate or product are not 

soluble in an aqueous phase the issues o f émulsification may present significant 

problems. In this example the emulsion may be easily overcome by the use o f  an 

evaporator stage in order to thermally break the emulsion before entering another 

decanter to separate the biocatalyst. Alternative techniques such as membrane 

separation have also been used to effectively break a formed emulsions (Schroën 

and Woodley, 1997).
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Figure 1.11 Purification o f  1-octanol from the associated whole cell 
bioconversion.

1.4 Aims of the project

In order to understand the status o f biocatalyst research an extensive overview o f 

research articles was perfonned (over 800 articles). The review studied an eight 

year period from 1991-1998 with a spectrum o f leading journals in the field 

(Biotechnology and Bioengineering, Enzyme and M icrobial Technology, 

Bioprocess Engineering, Biocatalysis, B iotechnology Progress and Trends in
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Biotechnology). From this work, it was possible to assess the areas and extent o f 

research being focused into fine chemical production using bioconversions 

(Figure 1.12).

Physical properties of 
enzym es 17%

Immobilisation 18%

Product recovery 2%

Bioreactor design and 
operation 14%

Reactions 21%

N on conventional 
phases 29%

Oxidoreductases 
(Isolated enzym e)

Lyases & 
Transferase

Oxidoreductases 
(W hole cell)

Lipase

Esterase
Other
Hydrolases

Figure 1.12 The distribution o f literature and extent o f  enzyme research areas 
from the period 1991-1998.

The m ajority o f  work carried out in this period looked at the processing issues o f 

non-conventional phase bioconversions. The rem aining research was split 

evenly between reactions, processing (bioreactor design and operation, 

im m obilisation) and the physical properties o f  enzymes. Very little work 

focused on the issues and application o f downstream  processing operations for 

bioconversions. This is an important area in the consideration o f  designing a 

process for fine chemical production. The lack o f  literature and research in this
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area may result from a lack o f willingness o f companies to publish process 

schemes for confidentiality reasons. However, downstream processing and its 

interactions with upstream operations are important and must be assessed for the 

design o f  robust production schemes.

This thesis aims to address these issues by initially assessing the design o f  

downstream processing options and the range o f  recovery techniques available. 

The Baeyer-Villiger monooxygenase reaction using whole cell biocatalysis was 

chosen in order to illustrate the effects various process streams have on the 

recovery technique. This is a commercially important reaction and represents a 

typical process stream. Two purification options were selected in order to 

concentrate the product molecules and their performance in various process 

streams was assessed. The overall design, scale and range o f  application in a 

final process were considered.
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2 The Baeyer-Villiger Oxidation 

2.7 Introduction

This chapter presents the model reaction studied throughout the project and 

outlines the process options available for the model system. It discusses the 

research published regarding the Baeyer-Villiger oxidation and how this reaction 

may be carried out by both chemical and biological catalysts.

The Baeyer-Villiger oxidation is a reaction that is o f major synthetic interest in 

organic chemistry. Traditional chemical manufacturing techniques often lead to 

caution in scale up due to acid feed streams and toxic waste streams containing 

reduced acid. The biological manufacturing technique presents a greener route 

with distinct advantages and with an enantiomerically pure production. 

Subsequently, this is a rapidly expanding area for bioconversion research and 

development.

2.2 Baeyer-Villiger Oxidations

2.2.1 The reaction

The Baeyer-Villiger oxidation reaction was first recognised in 1899 by Adolf 

Baeyer and Victor Villiger and involves either the transformation o f an acyclic 

ketone to an ester, or a cyclic ketone to a lactone (Figure 2.1). Its application in 

the manufacture o f a range o f products cannot be understated. The potential o f  

the products come in diverse areas from important odourant and flavouring 

constituents to the synthesis o f  antibiotics, steroids, pheromones for 

agrochemistry and the synthesis o f monomers for polymerisation.

Many chemical reviews have been written highlighting the number o f  Baeyer- 

Villiger reactions possible (Krow, 1993). These run into the many hundreds 

presenting a wide range o f  synthons and intermediates. Much attention is also
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focused on biological ‘greener’ catalysts with these reviews similarly covering 

some 80-100 reaetions (Willetts, 1997), (Stewart, 1998), (Kelly et al, 1998).

O

R{ R2 

Acyclic ketone

O

/ R2
R] O

Ester

O O

o

Cyclic ketone Lactone

Figure 2.1 The generalised Baeyer-Villiger reaction

2 .2 .2  Chem ical syn thesis

Baeyer-Villiger oxidation reactions are typically performed with the use o f a 

peracid, often m-chloroperbenzoie aeid (MCPBA), or peracetic acid, both 

powerful oxidising agents. However, these ehemicals may present significant 

environmental impact, using stoichiometric amounts o f reagents and resulting in 

large streams o f reduced acid by-products that require disposal (Wilson, 2001). 

A further problem is that they are not stereoselective and a racemic substrate will 

result in a product containing a 50:50 ratio o f the enantiomers.

The accepted meehanism for the reaetion begins with nucleophilic attaek o f the 

peracid on the ketone earbonyl group. Subsequent protonation o f  the carbonyl 

group activates this toward nucleophilic attack by the terminal oxygen o f  the 

peraeid. Finally, the C -0  bond is re-formed via a cyclic transition state, this
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results in the loss o f  carboxylic acid as the alkyl group migrates to oxygen (Fox 

and Whitesell, 1997).

In order to overcome the issues o f large quantities o f  waste streams chemists are 

working on techniques in order to turn the oxidation into a catalytic process 

(Phillips and Romao, 1999). This would result in the ability to utilise hydrogen 

peroxide (H2O2), as the oxidiser, which produces a waste stream o f water. It 

requires the use o f a suitable transition metal in order to activate the H2O2 and 

facilitate in the oxidation process. Various transition metal systems have been 

utilised and reviewed using Ft, Re and Ti, proving the potential for these 

‘greener’ routes to Baeyer-Villiger oxidation (Strukul, 1998). However, the 

basic transition metal systems, although effective on a range o f  acyclic and cyclic 

ketones, are not yet capable o f enantio- or regioselectivity.

For the manufacture o f enantiospeciflc lactones using chemical catalysis then it 

is expected a more complex catalyst with site specific conformation must be 

developed. One such example is the development o f a heterogeneous zeolite 

beta catalyst that has been incorporated with 1.6 weight per cent o f  tin (Corma et 

al, 2001). This has been shown to be an efficient and stable catalyst o f  saturated 

and unsaturated ketones with the desired regioselective lactones forming more 

than 98% o f the reaction products. However, the enantiomeric purity o f the 

formed lactone was only 34%.

It has been shown that it is possible to perform regio- and chemoselective 

reactions using the simple and easily accessible organometallic oxide, 

methyltrioxorhenium (MTO) (Phillips and Romao, 1999). This was effective on 

a selection o f  simple cyclobutanones converted to y-butyrolactones with yields o f  

63-80% in l-8hrs at room temperature. The manufacture o f  isoalloxazine 

derivatives (enzyme models o f  flavin prosthetic groups, see section 2.2.3), 

coupled with H2O2 oxidant have also been able to achieve this reaction with 

yields >80% in l-2hrs (Mazzini et al, 1996), (Mazzini et al, 1997). It was shown 

that chemical modification o f these isoalloxazine derivatives is possible resulting
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in the alteration o f product yield and reaction times presenting potential for a 

designer catalyst.

Although potentially useful catalysts in the production o f  specific chiral lactones 

these catalysts have yet to be shown to be as universal as biological catalysts in 

their substrate range. Further limitation is also present in their stereoselective 

ability which has yet to produce ee values equivalent to those achieved by the 

biocatalysts.

(a)

Ketone + Peracid -► Lactone +
Reduced

Acid

(b)

Ketone + Hydrogen
Peroxide

-► Lactone + Water
Transition

Metal
Catalyst

Figure 2.2 The Baeyer-Villiger oxidation using the non-catalytic (a) and 
chemical catalytic (b) mechanisms.

2 .2 .3  Biocatalytic synthesis

The range o f microorganisms capable o f performing the Baeyer-Villiger 

oxidation is diverse with the biological reaction using molecular oxygen rather 

than a peracid (Roberts and Turner, 1992), (Fang et al, 1995). Almost without 

exception, all o f these Baeyer-Villiger monooxygenases have been found in 

microorganisms. Bacteria o f the genera Acinetobacter, Pseudomonas, 

Xanthobacter, Rhodococcus and Nocardia have been used to induce Baeyer- 

Villigerase activity. Here their natural role is as part o f degrative pathways 

allowing the organism to utilise hydrocarbons and/or alcohols as a source o f
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carbon and energy. Enzymes have also been isolated from fungi o f the genera 

Curvularia, Dreschlera, Exophilia, Cunninghamella and Cylindrocarpon. In 

these microorganisms the evolutionary development o f the enzymes is less well 

understood but they are poorly characterised in the role o f  events that 

accompanies the switch from primary to secondary metabolism.

There are around twenty or so distinguishable Baeyer-Villigerase enzymes 

capable o f  performing the Baeyer-Villiger reaction. However, o f  these only a 

few have actually been isolated and tested with a seleetion o f substrates (Table 

2.1). The enzymes CHMO and CPMO can be induced by elective culture grown 

on a media o f  cyclohexanol and cyclopentanol respectively (Kelly, 2000). The 

remaining three enzymes are found on the pathway for the catabolism of  

camphor by Pseudomonas putida (Grogan et al, 1993).

Name -  monooxygenase (MO) Abbreviation Co factor

Cyclohexanone- CHMO NADPH

Cyclopentanone- CPMO NADPH

2,5-diketoeamphane 1,2- 2,5-DKCMO* NADH

3,6-diketocamphane 1,6- 3,6-DKCMO* NADH

2-oxo-A^-4,5,5-trimethylcyclo- 

pentenylacetie acid-
M 02 NADPH

A mixture of these two enzymes was originally termed MOl

Table 2.1 

2000).

Intensively studied Baeyer-Villiger monooxygenases (from Kelly,

All Baeyer-Villiger monooxygenases are flavoproteins and subsequently contain 

a flavin prosthetic group. These flavins are bright yellow pigments (as are the 

flavoproteins), and are critically important as they can undergo one electron 

reduction to give stable semiquinone radicals. This means they can mediate 

between the common two electron oxidations (e.g. NAD(P)/NAD(P)H), and one
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electron oxidations carried out by heme or iron-sulphur cluster proteins (Kelly et 

al, 1998). Subsequently we can see from Table 2.1 that the enzymes CHMO, 

CPMO and M 02 as well as most other Baeyer-Villiger monooxygenases contain 

the flavin adenine dinucleotide (FAD), a prosthetic group using NADPH as the 

reductant. However, the 2,5-DKCMO and 3,6-DKCMO are unusual in that they 

contain a flavin mononucleotide (FMN), prosthetic group using NADH mediated 

by an NADH oxidase (Kelly, 2000). Further analysis on the V-terminal and 

differences in stereoselectivity indicate that these enzymes may have evolved 

from a different evolutionary path.

The mechanism for the enzymatic catalysis o f the Baeyer-Villiger oxidation is 

similar to that o f  the chemical reaction (Ryerson et al, 1982). The NADPH binds 

and reduces the FAD prosthetic group to FADH before being released. The 

substrate then becomes bound to the enzyme complex at the same time as 

oxygen, which is rapidly reduced giving the formation o f the flavin 4a- 

hydroperoxide. Baeyer-Villiger ring expansion results in the lactone and a 

hydroxyflavin which eliminates water to regenerate the FAD.

Various models have been proposed for the active site o f  Baeyer-Villiger 

monooxygenases to explain its enantioselectivity for chiral molecules (Willetts, 

1997), (Kelly et al, 1998), (Kelly, 2000). These models have provided some 

success in the prediction o f enantioselectivity for bicyclic and tricyclic ketones 

based on the physical structure o f the active site. The development o f  these will 

allow for more accurate understanding and prediction o f the substrate range for 

these enzymes which is already over 80 ketone molecules (Stewart, 1998), 

(Roberts and Wan, 1998).

The use o f  the enzyme CHMO as a whole cell catalyst in Acinetobacter presents 

several problems. Firstly the host organism is a class II pathogen and 

consequently requires specialist ventilation and laboratory conditions for its safe 

growth and application. Secondly the presence o f  an active lactone hydrolase in 

the same catabolic pathway results in degredation o f the resulting product unless 

this enzyme can be inhibited by a suitable additive such as 

tetraethyIpyrophosphate (Alphand et al, 1990). Similar problems result from the
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use o f  whole cell Pseudomonas. As already described, this organism contains 

three Baeyer-Villigerase enzymes and consequently the control o f the reaction 

for the desired product presents a complex set o f issues to inhibit unwanted side 

reactions.

The use o f  immobilised enzymes has been applied to Baeyer-Villiger 

monooxygenases to overcome the implications o f using the whole cell organism. 

When operating as an isolated/immobilised enzyme then a limiting factor arises 

in the need to supply unstable and expensive cofactor in the form o f nicotinamide 

adenine dinucleotide phosphate (NADPH), needed in stoichiometric amounts 

(Tmdgill, 1990). This issue may be overcome by the use o f a second coenzyme 

used to convert a sacrificial substrate to a sacrificial product, in the process 

recycling the necessary co factor.

The use o f  co factor recycle in this way has been effectively demonstrated in the 

use o f  isolated CHMO from Acinetobacter where the coenzymes formate 

dehydrogenase (Rissom et al, 1997), and alcohol dehydrogenase (Hogan and 

Woodley, 2000) have been applied in the bioconversion o f ketones to the 

required lactones. In the latter system, it has also been possible to model the 

interaction o f these enzymes by simultaneous solution o f the rate equations. This 

results in the possibility o f optimisation o f the system in terms o f  optimum 

proportion o f the enzymes and required cofactor concentrations, important 

considerations in design and scale-up.

The application o f isolated enzymes from Pseudomonas is also an attractive 

prospect due to the altered substrate specificity and product stereoselectivity o f  

these enzymes. This system requires the cofactor nicotinamide adenine 

dinucleotide (NADH) for product formation and has also been successfully 

coupled with a coenzyme, formate dehydrogenase (Grogan et al, 1992).

At present, the most attractive application o f Baeyer-Villiger monooxygenases is 

within a whole cell catalyst, thus eliminating the need for a recycle system and 

preparation time in the isolation stages. To achieve this the desired enzyme must
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be chosen and a suitable alternative host selected to avoid the limitations o f the 

wild type Acinetobacter host (previously discussed).

Many reviews have been written regarding the substrate range, specificity and 

enantioselectivity o f Baeyer-Villiger monooxygenases (Walsh and Chen, 1988), 

(Willetts, 1997), (Kelly et al, 1998), (Roberts and Wan, 1998), (Stewart, 1998), 

(Kelly, 2000). From these reviews, it is clear that the enzyme that has been most 

studied and widely applicable to the production o f a range o f useful chemical 

intermediates is cyclohexanone monooxygenase (CHMO). This enzyme was 

first isolated and characterised in 1976 ixom Acinetobacter ^ C \B  9871 (Donogue 

et al, 1976). The enzyme has a molecular weight o f  59kD and is a single 

polypeptide chain with one mole o f  bound FAD per mole o f  protein. Its 

sequence has since been determined and it has been over-expressed into 

Escherichia coli JM105 [pKK223-3] under the tac promoter (Chen et al, 1988). 

This produced a novel new whole cell catalyst for Baeyer-Villiger oxidations 

without the negative traits attributed to the enzyme’s native host but with 

expression levels equivalent to the wild type.

As a result, several groups are looking at the possibility o f  developing other 

hosts, all with the aim o f looking at the potential for production o f  target chiral 

lactones. Consequently, CHMO has now been successfully cloned into baker’s 

yeast (Saccharomyces cerevisiae 15C [pKROOl]) under the GAL promoter so that 

it can be induced by galactose (Stewart et al, 1996). This provides an extremely 

simple to use whole cell catalyst in terms o f  growth and laboratory procedures. 

However, problems occur with ketone reduction by the host and these must be 

controlled by the proper choice o f growth conditions. The enzyme was 

subsequently cloned into the host E.coli BL21(DE3)[pMM4] under the T7 

promoter which is induced by isopropylthio-(3-D-galactoside (IPTG), producing 

a 10 to 20 fold yield improvement in enzyme over the S. cerevisiae recombinant. 

In this host the issues o f side reactions catalysed by yeast enzymes were 

eliminated and in some cases a higher yield o f product was produced (Chen et al, 

1999). Further characterisation studies into this strain also demonstrated it’s 

essentially identical behaviour to the native enzyme and range o f potential
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substrate molecules such as 4-mono- and 4,4-disubstituted cyclohexanones 

(Mihovilovic et al, 2001).

In an attempt to establish a suitable host and address the issues o f scale up and 

fermentation characteristics the enzyme CHMO was cloned into Escherichia coli 

TOP 10 [pQR239] (Doig et al, 2001a). In this case the ? b a d  promoter, induced 

by L-arabinose, was used as a cheaper alternative to the IPTG system which 

presents considerable cost issues at large scale. This system was characterised 

and the large scale production o f CHMO up to the 300 litre scale demonstrated. 

In order to characterise this enzyme for large scale bioconversion the substrate 

bicyclo[3.2.0]hept-2-en-6-one was used. It has subsequently been demonstrated 

that substrate and product inhibition o f  CHMO presents problems in its overall 

productivity (Doig et al, 2001b). Despite these limitations it is still possible to 

successfully scale-up this bioconversion to the 50 litre scale still while 

maintaining enantioselectivity with high yields (85%) (Doig et al, 2002).

Ketone + O2 --------------------------------------------- ► Lactone
Biocatalyst 

Cofactor Recycle System

Figure 2.3. The Baeyer-Villiger oxidation using the biological catalyst.

2.3 Downstream Processing from Baeyer-Villiger Bioconversions

2.3.1 The p rocess

The model reaction chosen for study is the bioconversion o f  bicyclo[3.2.0]hept- 

2-en-6-one which may be converted into two possible regioisomers, each one 

also being an enantiomer (Figure 2.4). This substrate has received much 

attention in the literature as a model for Baeyer-Villiger oxidations due to the 

potential o f its products. These may act as intermediates in the production o f  

many products such as prostaglandins, nucleotides and antibiotics. The Baeyer-
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Villiger oxidation o f this substrate by chemical techniques results in the 

production o f all possible isomers with no selectivity (Phillips and Romao, 

1999), (Corma et al, 2001). However, the use o f  a biological catalyst results in 

only one o f each o f the two possible regiomers being formed, either 1 and 4, or 2 

and 3 (Figure 2.4).

 ..
o 2 4

\

: V J A "  ' \

Q (-) 1(S),5(R) 2-oxabicyclo[3.3.0]oct-6-en-3-one (+) 1(R).5(S)

O

(+/-) Bicyclo[3.2.0]hept-2-en-6-one ^.......................... ....

(+) 1(S),5(R) 3-oxabicyclo[3.3.0]oct-6-en-2-one (-) 1(R),5(S)

Figure 2.4 The model reaction for the production o f lactone products from 
the cyclic ketone substrate. Using the biocatalyst cyclohexanone 
monooxygenase only the lactone products 1 and 4 are produced.

The application o f Baeyer-Villiger monooxygenases to the conversion o f  

bicyclo[3.2.0]hept-2-en-6-one has focused mainly on the use o f  CHMO as the 

biological catalyst. It has been shown that a range o f organisms, Acinetobacter 

NCIMB 9871 (and isolated enzyme from this strain), Acinetobacter junii, 

Pseudomanas putida, Rhodococcus coprophilus and Rhodococcus fascians are 

all capable o f converting the substrate exclusively into isomers 1 and 4 (Figure 

2.4), (Shipston et al, 1992).

The manufacture o f  the isomers 2 and 3 (Figure 2.4), may also be achieved by 

the use o f  isolated enzyme from Pseudomonas putida  (Grogan et al, 1993). This 

strain contains three camphor induced Baeyer-Villiger monooxygenases. The 

use o f M 02 monooxygenase carrying the FAD prosthetic group utilising
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NADPH results in the formation o f isomers 1 and 4 (Figure 2.4). However, as 

previously mentioned (section 2.2.3), the monooxygenases 2,5-DKCMO and 3,6- 

DKCMO contain the FMN prosthetic group utilising NADH and may present 

varied stereo- and regioselectivity. This is seen in this case where the utilisation 

o f  these enzymes results in the exclusive manufacture o f  products 2 and 3 

(Figure 2.4).

Stereoselectivity o f the CHMO enzyme is very good with ee values o f >94% for 

lactone 1 and >99% for lactone 4 (Figure 2.4), (Shipston et al, 1992), (Doig et 

al, 2001b). The reduced enantioselectivity for lactone 1 (>94%), has been shown 

to be attributed to substrate concentration (Zambianchi et al, 2000). As the time 

course o f the bioconversion continues and the substrate concentration decreases, 

so the ee o f lactone 1 may increase. It has therefore been noted that the 

maintenance o f  the ketone at below 4.6mM results in an increase in ee o f  lactone 

1 to >98%. Lactone 4 is not affected by this phenomenon and always remains at 

a constant ee >99% throughout the reaction.

The choice o f  enzyme system for this study focused on the manufacture o f  

lactones 1 and 4. These have been shown to be the most commercially valuable 

with examples such as these being used for production o f stable intermediates in 

the manufacture o f the important antibiotic Sarkomycin (Konigsberger and 

Griengl, 1994).

The parameters o f the system are discussed in detail in Chapter 3. The host 

organism was E.coli carrying a plasmid for the expression o f  CHMO from 

Acinetobacter NCIMB. This organism has been well characterised for the 

bicyclo[3.20]hept-6-en-2-one substrate and its scale up to production level 

demonstrated (Doig et al, 2001a), (Doig et al, 2001b).
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2 .3 .2  Selecting unit operations

Before it is possible to select the appropriate unit operations to be used, then data 

must be collected regarding physical and thermodynamic properties o f  the target 

molecule/s. The extent o f extraction that may be achieved is then dependent on 

the exploitation o f such differences as molecular, thermodynamic and transport 

properties (Table 2.2). These data can be collected from various sources such as 

manufacturers and literature references. Experimental procedures may also be 

used to establish these properties. However, the use o f  experiments becomes a 

conflict between the cost and time o f obtaining the results and the cost and speed 

required for the development o f the separation.

1. Molecular properties

Molecular weight Dipole Moment

Boiling Point Polarizability

Melting Point Electric Charge

2. Thermodynamic and transport properties

Vapour pressure Solubility

Adsorptivity Diffusivity

Table 2.2 Properties o f importance for process selection (Adapted from 

Seader and Henley, 1998).

In many situations little or no data on the target molecule or indeed any o f the 

product material may be known. In this situation it may become necessary to 

perform either some initial experiments or result to property prediction 

techniques in order to establish the best route for purification.

The development o f  techniques to predict the properties o f  molecules from their 

molecular structure alone has received much attention as an alternative to 

extensive experimental procedures. This approach has led to the development o f
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design tools such as the computer software package Aspen, used in chemical 

engineering. This package aids in the design o f an entire chemical process with 

either little or no molecular properties known. The system uses a complex range 

o f  property prediction techniques and process models to design the optimum 

upstream and purification route. This approach has the advantage o f  reducing 

the number o f experiments required and total time in order to design the process.

The main basis o f the Aspen design software is in the prediction o f the activity 

coefficient, a parameter that represents the departure o f  activities from mole 

fractions when solutions are non-ideal. Of the many models that have been 

proposed the most common are the Wilson equation; Non-Random, Two-Liquid; 

and UNIQUAC methods.

The most accurate prediction methods are based on the mixture group 

contribution concept. These models assess each molecule as a collection o f 

functional groups and therefore the behaviour o f a mixture can be predicted 

based on known functional group -  functional group interactions. The most 

important o f these models are the UNIT AC model based on the UNIQUAC 

method and the ASOG method based on the Wilson equation.

The most commonly used method is the UNIFAC group contribution as this is 

applicable to the largest number o f compounds (Fredenslund et al, 1975), 

(Fredenslund et al, 1977). Over the years this method has received much 

attention and many modifications in order to improve its prediction accuracy. 

The development o f  the modified UNIFAC (Dortmund) method is proving the 

most useful. This method has been shown to perform prediction over a much 

wider range o f phase scenarios and larger temperature range (Gmehling, 1998), 

(Zhang et al, 1998). However, the application o f  these methods to complex 

media such as biological complexes has not yet been demonstrated. Initial media 

from these reactions present a particularly challenging and complex range o f  

functional groups o f biological origin which all contribute to reducing the 

separation potential.
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The use o f  computer based applications such as Aspen for rapid development o f  

bioconversion processes would dramatically reduce overall process development 

time. However, due to the complex nature o f  the biological catalyst, growth 

media and bioconversion process the accuracy o f  these prediction models 

without experimental data are not good enough to allow their successful use. 

The level o f  inaccuracy associated with such a direct approach as that which has 

been applied in chemical engineering is not yet a viable option in bioconversion 

process design.

However, a technique for the selection o f solvent systems for extractive 

bioconversions using Log P values has been developed (Bruce and Daugulis, 

1991). Further techniques for assessing process selection based on generalised 

thermodynamic properties for small biomolecules such as amino acids, various 

(3-lactam antibiotics and small peptides have also been demonstrated (van der 

Wielen and Rudolph, 1999). The development o f  models such as these are all 

becoming useful tools in the biochemical engineers ‘design toolbox’ when 

designing the overall process with limited available data.

It is also important in the overall design o f a process that as well as the physical 

properties o f the target molecule and its interaction with the process stream, 

properties o f the process liquor must also be known (Table 2.3). This allows for 

better selection o f the correct unit operations and their operation restrictions. 

Therefore collection o f data regarding the process stream allows for more 

rigorous design o f the flowsheet and hence the process.
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Overall product requirement

Purity o f product

Bioconversion conditions

Type (Whole/?ermeabilised; Isolated; 
Immobilised)
Growth media composition 

Phase states (Solids, Liquid and/or Gas) 

Temperature/pH conditons 

Product concentration 

Product stability 

Stream conditions 

Flow rate 

Volume 

Pressure 

Viscosity 

Temperature

Characteristics of the downstream operations

Scale-up

Energy requirements

Physical size requirement

Installations required 
( W ater/S team/Power/W aste)
Operation limitations 

___________(T um-around time/S ervicing/ Cleaning)

Table 2.3 Properties that must be considered in assessing process design 

operations.

2 .3 .3  P rocess options

As previously discussed there is a lack o f physical property information 

regarding bicyclo[3.2.0]hept-6-en-2-one and its lactone products to aid in initial 

process selection for purification (Table 2.4). In order to assess the potential 

separation observation o f the bioconversion and its operation, some initial
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experiments on solubility and heat stability were made. The composition from 

the bioeonversion is known to be a complex feed. This stream contains dilute 

product (3.5 gl'^), spent fermentation media, whole cell catalyst and coenzyme 

recycle substrate. Therefore using the process flowsheet described in section 

1.3.3 and Table 2.3 options for process streams were investigated.

Component Formula
Flash Point 

(°C)

Melting Point 

(°C)

Molecular

Weight

Ketone CyHgO NA NA 108

Lactones CyHgO] >110 45-48 124

Table 2.4 Available physical property data o f  the ketone substrate and its 

lactone products (Sigma-Aldrich, Dorset, UK).

Initially it is necessary to remove the particulate content (whole cell catalyst). 

This may allow for the possible recycling o f the biocatalyst, reduced fouling 

further downstream and prevent any catalytic breakdown o f the product. This 

step is carried out by either filtration or centrifugation. Both o f these unit 

operations may be operated simply in a continuous mode and therefore an 

assessment o f the best operation to produce the optimum feed stream for the next 

step must be made.

The choice o f  possible unit operations that could be used for the concentration 

step o f  the product in the model reaction is outlined in Table 2.5. These unit 

operations are designed to exploit a wide range o f  physical characteristics in 

order to concentrate a target molecule. The application o f these techniques in 

order to separate the lactone products from both any residual ketone substrate 

and the process broth was assessed. Due to the lack o f  exploitable physical 

properties o f the product molecules the final choice for the investigation was 

based on physical adsorption and liquid-liquid extraction.
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Unit operation Separation force Possible application to the 
process stream

Diafiltration

Electrodialysis

Size and osmosis 

Size and charge

X

Will not separate product 
from other contaminants 

X

No charge difference

Permeation Size and physical 
interaction

X

Driving force too small

Distillation Volatility
X

Product boiling point too 
high

Adsorption Physical interaction /

Liquid-liquid extraction Partition distribution

Table 2.5 The unit operations available for the concentration step and their 

suitability for the bioconversion to be studied.
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2.4 Summary

•  It has been shown that the Baeyer-Villiger oxidation is an important reaction 

in synthetic chemistry for the production o f many products (Krow, 1993), 

(Willetts, 1997), (Stewart, 1998), Kelly et al, 1998).

• The reaction may be performed easily by the use o f  a peracid, although this 

results in both toxic waste streams and the use o f  highly explosive chemicals 

(Wilson, 2001).

•  A chemical catalytic option has been successful developed with the use o f  

H2O2 as the oxidant, producing water as the waste stream. However, these 

catalysts although highly regioselective produce a low enantiomeric excess, 

typically around 35% (Corma et al, 2001).

Microorganisms have been isolated and shown to contain enzymes capable o f  

Baeyer-Villiger oxidation reactions. The enzyme catalysts are 

monooxygenases containing a prosthetic group and therefore requiring a 

CO factor recycle system (Roberts and Turner, 1992), (Fang et al, 1995).

The most widely universal Baeyer-Villiger monooxygenase with the greatest 

substrate compatibility has been shown to be cyclohexanone monooxygenase 

isolated from Acinetobacter NCIMB. This enzyme maintains high 

enantioselectivity o f the products although the host is a class II pathogen and 

degrades the products (Donogue et al, 1976).

The enzyme has been successfully cloned into Escherichia coli TOP 10 [pQR 

239], with a high copy number and proven potential for scale-up (Doig et al, 

2001a).
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Bioconversions using this clone provided a suitable model system for 

studying downstream processing. The production o f  industrially important 

chiral specific lactones from bicyclo[3.2.0]hept-6-en-2-one was chosen as the 

model reaction (Konigsberger and Griengl, 1994), (Doig et al, 2001b).

Little physical data is available regarding the chosen substrate and products 

and therefore selection o f suitable product purification presents significant 

challenges.

The use o f either filtration or centrifugation in order to remove the biocatalyst 

was chosen as the first step in product separation.

Unit operations selected for the product concentration and separation step 

were physical adsorption and liquid-liquid extraction.
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3 Fermentation and Bioconversion

3.1 Introduction

This chapter presents the upstream process used in order to assess process 

options and recovery downstream. It describes the growth o f  the host organism 

and production o f the catalyst. The completion o f  the bioconversion is described 

in terms o f a whole cell direct media and whole cell resuspended in buffer 

reaction.

The organism chosen for the model system was the recombinant E.coli TOP 10 

[pQR 239]. This organism has been characterised and studied for both optimum 

catalyst production and scale-up (Doig et al, 2001a). The main features o f  this 

catalyst system are represented in Table 3.1.

Host strain Plasmid DCW

(gi')'"

Specific
CHMO
activity
(u g Y "

Product
inhibition

(gl->)0»

Substrate
inhibition

(gl-')W

Escherichia 
co liT O ?  10 pQR 239 5-6 500-600 3.5 1

Table 3.1 Post fermentation characteristics o f the host organism used for the 

production o f CHMO catalyst and whole cell bioconversions.

(a) (Doig et al, 2001a), (b) (Chen et al, 2001).

In order to assess downstream product recovery it was necessary to develop a 

process that was reproducible and widely representative o f  whole cell 

bioconversions. To achieve this two systems were developed, the first involved 

the bioconversion direct from whole cell media, the second isolating and 

resuspending cells in a buffer. The use o f  a buffer is necessary in order to 

prevent osmotic shock to the cells and their subsequent rupture.
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The use o f  a process stream direct from a bioconversion carried out in the 

original fermentation media provides a particularly challenging problem for 

product separation. These streams contain many contaminants from the growth 

media, cell fragments, by-products o f growth and the cells themselves. These 

streams can be described as the most challenging and were consequently used to 

assess the impact o f contaminants on product extraction and concentration steps.

As has been previously described the overall productivity o f  the catalyst cells is 

limited by product inhibition (Doig et al, 2001b). This results in a high overall 

process cost due to low catalyst efficiency, unless this catalyst productivity can 

be improved. One method to improve productivity is to recycle the cells by 

using them in a buffer several times. This led to studying the effect o f a process 

stream using resuspended cells. The process route to using the catalyst in a 

buffer is described. The ability to recycle these cells many times was not part o f  

the work carried out here, but merely to simulate their potential and such a 

process stream. These process streams are much ‘cleaner’ due to the removal o f  

many contaminants present in the media post fermentation. Although issues such 

as catalyst damage in the resuspension process and cell fragments must be 

assessed.

3.2 Materials and Methods

3.2.1 Analytical

3.2.1.1 GC analysis

All samples were measured for ketone and lactone levels using an Auto system 

XL-2 GC (Perkin-Elmer, Norwalk, CT, USA), connected to a data collection 

computer running the method described in Table 3.2. The apparatus was fitted 

with an AT-1701 capillary column (Alltech Associates Inc., Deerfield, IL USA). 

Samples were analysed for peak area using Turbochrom (TC 4) software (Perkin-
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Elmer, Norwalk, CT, USA). Concentrations (gl'^), were calculated using 

external calibration curves (R  ̂> 0.99).

Carrier gas He

Flow rate (psi) 4

Split ratio 100:1

Injection volume (pi) 1

Injector temperature (°C) 200

Detector temperature (°C) 

Oven settings

250

100°C for 5 min, ramped at 10°C/min 

until 240°C, held 0 minutes

Table 3.2 Gas chromatograph parameters for analysis o f  samples

All aqueous samples were prepared for injection by contacting with an equal 

volume o f ethyl acetate. These were agitated for 10 seconds; centrifuged at 

13000 rpm for 2 minutes to separate the phases and the solvent phase injected 

onto the column. The subsequent concentration in the aqueous phase was 

calculated from the partition coefficients (see Appendix 4), for the ketone and 

lactone using equation 3.1.

[3.1]
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3.2.1.2 Dry cell weight

The optical density o f all samples was measured using a spectrophotometer at 

670 nm. This was then converted to dry cell weight (g f'), using equation 3.2, 

established from an external calibration curve (R  ̂> 0.99)(see Appendix 5).

D CW  = 0.52x OD,,, [3.2]

3.2.1.3 Protein assessment

The total protein content o f all samples was measured using the Bradford assay 

(Bradford, 1976). Samples were measured at 595 nm and the protein 

concentration (mgf^), was calculated using an external calibration curve (R  ̂ > 

0.99).

3 .2 .2  Fermentation

3.2.2.1 The organism

The organism used throughout this study was Escherichia coli TOP 10 [pQR239] 

which was kindly donated by Dr John M Ward (Department o f  Biochemistry and 

Molecular Biology, UCL). This strain contains a plasmid carrying the gene for 

the enzyme cyclohexanone monooxygenase derived from Acinetobacter 

calcoaceticus (NCIMB 9871). The plasmid contains a pBAD vector (L- 

arabinose as inducer) and an ampicillin resistance gene (Doig et al, 2001b).

3.2.2 2 The media

The media used for the growth o f all cells and enzyme production is summarised 

in Table 3.3. All components were supplied by Sigma-Aldrich (Poole, Dorset, 

UK).
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Component Concentration (g/1)

Yeast Extract 25

Peptone 10

NaCl 10

Glycerol 10

Ampicillin 0.05

Table 3.3 Composition o f  fermentation media.

S.2.2.3 Storage and routine cultivation

Stock cultures o f cells were prepared by inoculating a 1-litre shake flask 

(working volume 100 ml), with an individual colony taken from an agar plate 

grown overnight and containing growth media plus ampicillin. Cultures were 

grown at 37 °C until they reached 1 gl'̂  (DCW); 50% sterile glycerol was added 

and 1 ml aliquots taken and frozen at -7 0  °C.

Subsequent growth for the bioeonversion was achieved using a 2 litre (1.5 litre 

working volume) LH 210 series fermenter (Adaptive Biosystems, Luton, Beds, 

UK). All components for growth plus antifoam (0.2 mll"̂  polypropylene glycol 

2000), was added and the vessel sterilised at 121 °C for 20 minutes. The vessel 

was allowed to cool, adjusted to pH 7 and ampicillin added by 0.2 pm sterile 

filter pre-inoculation.

Inoculum for the 1.5 litre scale fermentations was prepared using 1 litre (100ml 

working volume) shake flasks. All growth media components were sterilised in 

place at 121 °C for 20 minutes. Pre-inoculation, with a single stock culture, 

ampicillin was added to the vessel. The culture was grown overnight in an 

orbital shaker at 37 °C, 250 rpm and used to inoculate the 2 litre fermenter when 

the culture reached 3.5 g f ’ (DCW) (6.7% inocula).
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3.2.2.4 Growth characteristics

The culture was grown at a constant air flow rate o f 0.67 vvm and initial 

agitation rate o f 1000 rpm. The dry cell weight, DOT and CER o f the culture 

were continually monitored and the agitation rate varied up to a maximum of 

1500 rpm in order to control the DOT at above 0%. When the culture reached a 

dry cell weight o f 3.6 g f ’ (late logarithmic phase), it was induced with 0.1% 

(w/v) L-arabinose. The level o f CHMO activity was measured from one hour 

post induction and the fermentation completed 3 hours post induction. The exit 

gas was continually monitored to ensure the respiratory quotient was maintained 

above unity and the culture was growing aerobically.

3.2.2.5 Enzyme activity

The CHMO enzyme activity was measured using an alteration o f the technique 

developed by Tmdgill (Tmdgill, 1990). A 1 ml sample o f  fermentation broth 

was centrifuged at 13000 rpm for 2 minutes to pellet the cells. Supernatant was 

removed and replaced using reaction buffer (50 mM Tris-HCL, pH 9 containing 

7.14 gl"̂  bovine semm albumin), and the pellet resuspended. The sample was 

sonicated on ice using a Soniprep 150 MSB (Sanyo, Crawley, Sussex, UK), at an 

amplitude o f 8 pm for 5 cycles o f 10 seconds on, 10 seconds off. The resultant 

sample was re-centrifuged at 13000 rpm for 2 minutes to remove insoluble cell 

debris. The resultant supernatant containing soluble CHMO was removed and 

diluted accordingly in reaction buffer ready for the assay.

The reaction was performed in a 1.5 ml cuvette using a Uvikon 922 

spectrophotometer fitted with a thermostat cell at 30 °C (Kontron Instmments, 

Watford, Herts, UK). Sample volumes were added such that the final 

concentrations in the cuvette were; Tris-HCL buffer, 50 mM; Bovine semm 

albumin, 7.14 gl' ;̂ NADPH, 0.161 mM; and CHMO at between 0.01 and 0.2 

U m f’. Once added a background rate for NADPH was measured over a 2- 

minute period prior to addition o f 2 mM cyclohexanone.
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The CHMO activity within the sample was calculated by measuring the depletion 

o f NADPH upon the addition o f cyclohexanone. NADPH adsorbs light strongly 

at 340 nm (s = 6.22 mlpmol'^cm"^) with its consumption stoichiometrically 

linked to product formation. Therefore, the CHMO activity was calculated using 

equation 3.3, taking into consideration the background levels o f  NADPH  

depletion.

^ ̂ bs?)AOnm^ 

O T M O -^ .V ' M

Activity is defined in U f' where 1 U is defined as the amount o f  CHMO which 

catalyses the cyclohexanone induced oxidation o f  1 pmol o f NADPH per minute.

3 .2 .3  Bioeonversion

3.2.3.1 Whole cell direct media

The resting whole cell direct media bioeonversion was carried out by 

transferring, post fermentation, 1.5 litres o f broth to a 2 litre (working volume 1.5 

litre), LH 210 series fermenter (Adaptive Biosystems, Luton, Beds, UK). 

Glycerol was added (10 g l ' \  as the cofactor recycle substrate. The vessel was 

adjusted to 37 °C and pH 7. The substrate was then pumped directly into the 

vessel at a flow rate o f  1 g f ’hr'̂  using a multi-chamber peristaltic pump 

(Watson-Marlow Ltd., Falmouth, Cornwall, UK). Substrate feeding was 

switched o ff after 3 hours and the bioeonversion run for a further hour until all 

the ketone had depleted. Aeration o f the vessel was carried out at 1 vvm and 

initial agitation at 800 rpm. The DOT within the vessel was constantly 

monitored and maintained between 0.5-5% by adjustment o f  the agitation rate. 

Both the substrate and product concentrations were measured at-line by GC.
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3 2.3.2 Resuspended whole cell

The resuspended resting whole cell bioeonversion was carried out by initially 

removing 1.5 litres o f fermentation broth and isolating the cells. Isolation was 

achieved using a Beckman J2 centrifuge (Beckman Coulter, Fullerton, USA), 

operating at 11,300 g for 20 minutes, 21 °C. Supernatant was removed, 

discarded and the pellets resuspended in 1.5 litres, 50 mM Phosphate buffer (pH 

7). Resuspended cells were added to a 2 litre (working volume 1.5 litre), LH 210 

series fermenter (Adaptive biosystems, Luton, Beds, UK). The subsequent 

bioeonversion was completed as that in the whole cell direct media (section 

3.2.3.1).

3.3 Results and Discussion -  Upstream process

3.3.1 Catalyst production

Growth o f E.coli was representative o f previously published results (Doig et al, 

2001a). A typical growth profile for the culture at 1.5 litre scale is shown in 

Figure 3.1. The profile was reproducible and this resulted in a reliable method 

for duplicating the cell biomass and media environment conditions. Broth 

volumes o f this size allowed rapid reproduction (24 hours growth), and sufficient 

volume to perform comparison experiments for downstream processes.

Exit gas analysis (Figure 3.2), represents the condition within the fermenter 

during growth. After an initial lag phase rapid logarithmic growth occurs up to a 

period o f 3 hours. This results in a characteristic reduction in DOT and increase 

in OUR and CER. At this time (late logarithmic growth), induction is carried out 

and the DOT reduces to zero. The reduction in DOT is expected due to the 

increase in cell metabolism. It is necessary to maintain the DOT at low levels in 

order to maximise CHMO activity. Studies into large scale production (Doig et
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al, 2001a), have shown that higher levels o f DOT result in reduced final CHMO 

activity. This is believed to be due to dénaturation o f  the enzyme caused by 

oxidation, findings supported by work showing the oxidation o f  -S H  groups in 

the active site destroys activity (Walsh and Latham, 1986). Growth continues 

for a further 3 hours until the fermentation is stopped. Towards the end o f the 

fermentation OUR and CER levels are seen to drop as the cells enter the 

stationary phase induced by the low DOT levels and production o f CHMO.
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Figure 3.1 Growth profile for the fermentation o f  E.coli TOP 10 pQR239 for 
the production o f  cyclohexanone m onooxygenase (■ Dry Cell W eight, ▲ 
Activity).
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Figure 3.2 Mass spectrometer data for the fermentation o f  E.coli TOP 10 
[pQR239] for production o f  the enzyme cyclohexanone monooxygenase.
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3 .3 .2  The bioconversion

The aim o f carrying out the bioconversion was to develop a method such that 

bioconversion broth could be reproducibly manufactured. This broth must 

contain a constant lactone level and no residual ketone for subsequent 

downstream purification studies. Other issues such as the media composition 

and conditions must all be copied accurately to minimise any variations in the 

process stream. In this way, it was possible to reproduce downstream 

experiments and alter the broth in order to determine the cause o f  any variations 

in downstream performance that were observed. Monitoring o f  ketone levels 

must be carried out at-line by GC (see section 3.2.1.1), and consequently is 

subject to a 25-minute delay. A system for the bioconversion was developed 

that enabled production o f lactone at a constant 3 g f ’ with no ketone substrate 

present at the end o f  the process.

The bioconversion carried out in whole cell media direct from the fermentation is 

shown in Figure 3.3. Substrate feed rates were maintained at a low level due to 

the decrease in enzyme activity at levels exceeding 1 gl'  ̂ (Doig et al, 2001b). If 

substrate levels were permitted to rise considerably above this level (1.5-2 gl'^), 

enzyme activity was lost and the process had to be stopped. It is therefore 

necessary to monitor the levels o f ketone to ensure they remain low while 

maintaining a high productivity. Productivity for this bioconversion was 0.14 

gg-'hr ' (R  ̂> 0.99),

The bioeonversion using whole cells resuspended in phosphate buffer is shown 

in Figure 3.4. Operating this process in order to produce broth at 3 gl'  ̂ lactone 

levels, with no residual ketone, took one hour longer. This was due to 

productivity levels being reduced to 0.11 gg'^hr'  ̂ (R  ̂ = 0.99). This was most 

likely as a result o f  transferring the cells to a phosphate buffer. Productivity 

could be improved by increasing the cell density within the bioeonversion broth 

during the resuspension process.
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Figure 3.3 Production o f lactone product from ketone substrate using a 
resting whole cell media bioeonversion (♦Ketone, ■ Lactone).
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Figure 3.4 Production o f lactone product from ketone substrate using a 
resuspended whole cell media bioeonversion (♦Ketone, ■ Lactone).
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3.4 Summary

• A  suitable and easily produced host organism containing the required CHMO 

enzyme has been selected for study {Escherichia coli TOP 10 [pQR 239]), 

(Doig et al, 2001a).

• A  fermentation media and growth profile suitable for the production o f  

CHMO enzyme for the bioeonversion has been developed.

• A reproducible bioeonversion using whole cells in media direct from the 

fermentation has been developed (7 gf^ DOW).

• A  reproducible bioeonversion using whole cells separated from the 

fermentation media and resuspended in a phosphate buffer has been 

developed.

• The bioeonversion in both cases can be performed at the 1.5 litre scale 

producing broth containing no residual ketone and lactone at 3 g f \
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4 Catalyst Recovery

4.1 Introduction

This chapter describes the use o f centrifugation and filtration for primary 

recovery from the bioeonversion system. The aim o f this work is not to make an 

in-depth study into the mechanisms and fouling species in the filtration o f  

Escherichia coli. These would involve the requirement o f  physical analysis o f  

the membrane surface (by scanning electron microscope, particle sizing etc.), and 

an in-depth knowledge o f  protein, colloidal, surface and solution chemistry (Gan 

et al, 1997), (Song, 1998), (Jones and O'Melia, 2001). Instead, this work is to 

generate product streams with a varying degree o f clarification based on 

membrane cut-off size and gravitational separation. Much work has already 

identified components and looked at the mechanisms o f fouling and these will be 

discussed. This chapter therefore briefly assesses the clarification o f the broth 

using these techniques in order to assess the effects on the subsequent 

concentration step.

After a bioeonversion, the first step must be removal o f  the biocatalyst. This 

would otherwise interfere with subsequent downstream processing causing either 

blockage o f the unit operations or contamination o f the product. It may also be 

necessary to recycle the biocatalyst in order to improve its productivity. The 

main competing technologies in clarification o f suspensions with substantial 

fractional solids are filtration and centrifugation. Filtration is a complex process 

as fouling is a major consideration with several foulants identified: particles 

(cells, cell debris, precipitates), proteins, nucleic acids, lipids, pluronics (anti

foam and other surfactants), fermentation additives and certain polysaccharides 

(Meindersma et al, 1997), (Gan et al, 1997), (Jones and O'Melia, 2001).

The type o f filtration used in this study was crossflow filtration using cassette 

filters that have been designed for easy scale-up. There are two essential 

mechanisms in the blockage o f  crossflow filtration. Firstly, pore blockage occurs 

resulting in a rapid decrease in flux from the water state due to an effective
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reduction in the membrane surface area. Seeondly, cake formation oceurs at the 

membrane surface resulting in a long-term gradual flux deeline. Both o f these 

meehanisms may be affected by a range o f  factors. The resultant eause o f filter 

blocking is the non-equilibrium operation o f  the membrane where the applied 

pressure is much higher than the eritieal pressure. In this state, the particles tend 

to become held on the membrane surface and the resultant blockage oceurs. 

Therefore, it is essential to operate at the eritieal flux in order to optimise flux 

rate and avoid filter bloekage.

Understanding and identifying the fouling species that affect membrane filtration 

is important in overcoming the issues o f reduced flux and non-optimised 

operation. Solution chemistry plays a significant role in affecting how these 

eontaminants interact at the membrane surface creating component interactions 

and irreversible binding. Proteins in solution when filtered with eellulose 

membranes will bind irreversibly to the surfaee, resulting in reduction in 

capacity. This possibility is increased with the greatest potential for irreversible 

binding in eonditions which have a low electrostatic repulsion (pH 4.7, 0.001 M 

salt), (Jones and O'Melia, 2001). In the use o f  ceramic membranes then the 

major contaminants are minerals and carbohydrates such as p-glucans and starch 

molecules/particles. These species do not appear to bind to the membrane 

surfaee, but instead bloek the pores as the flux may be reeovered by the use o f 

periodie back flushing with permeate (Gan et al, 1997). Proteins, in this ease, 

have been shown to play no significant role in the fouling process although they 

are exeluded from the permeate.

The use o f  filtration in primary recovery from bioeonversion proeesses has been 

used for a variety o f  whole eell bioeatalysts: Pseudomonas putida  (Meindersma 

et al, 1997), Pseudomonas sp. (Lin et al, 1999), Saccharomyces cerevisiae 

(Priddy et al, 1999), Proteobacteria (Hoeks et al, 1992). Here the main 

contaminant issue is from the whole cell, although media eomponents, cell 

debris, cell wall strip o ff and protein exeretions may also play a minor role. The 

use o f  gravitational dead end filtration in this case is often not feasible as it 

results in the build-up o f an extremely thick and wet filter cake with little or no
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flux. It is therefore neeessary to use a filter aid sueh as diatomaceous earth 

whieh produce higher flux rates, although these are 3 to 4 times lower than the 

same feed stream using cross flow filtration (Priddy et al, 1999). The use o f  

woven filters cloths to separate low concentration cells (4.3 gf^), results in rapid 

fouling unless filter aid up to between 10 and 15 kgm'^ is used. In this ease a 

flux rate o f  580 kgm'^hr'  ̂ can be achieved with a pressure o f  2.5 bar. However, 

protein retention in this system may be as little as 50% resulting in the need for 

ultrafiltration where retention o f 99% is obtained (Meindersma et al, 1997). The 

cost o f investment and implementing ultrafiltration is lower than that o f pressure 

filtration although this difference would not justify the replacement o f existing 

filtration equipment.

As already mentioned, once primary separation has been completed it may be 

necessary to recycle the biocatalyst in order to improve its productivity. In this 

ease then the selection o f filtration over centrifugation is likely. Although 

centrifugation is comparably a much simpler operation, the use o f  large 

gravitational forces to produce high clarity supernatant results in increased shear 

forces in the feed zone and greater catalyst damage. In the study o f a system 

where bioeatalyst recycle is required, it has been shown the quality o f biomass 

paste produced by centrifugation leads to great difficulties in returning it to the 

bioreactor. When compared to rotary filtration and crossflow filtration the latter 

operations provided the most suitable solution (Hoeks et al, 1992).
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4.2 Materials and Methods

4.2.1 P rocess stream s

In order to assess primary recovery and any subsequent effects this may have on 

the concentration step a number o f varying product streams were generated 

(Table 4.1). These streams were all produced either using the recovery steps for 

centrifugation and filtration (as described below), individually or in combination.

Control No catalyst recovery

Stream 1 Batch centrifuge

Stream 2 Filtered 0.3 pm

Stream 3 Filtered 0.16pm

Stream 4 Batch centrifuge and 10k Filter

Stream 5 Batch centrifuge and 0.3pm Filter

Stream 6 Batch centrifuge and 0.16pm Filter

Stream 7 Continuous centrifuge

Table 4.1 Process streams to be studied.

The stream comprised o f either bioeonversion broth taken directly from the 

fermentation, or bioeonversion broth from cells resuspended in phosphate buffer 

(as described in section 3.2.3).

4 .2 .2  R esusp en d ed  bioeonversion

The use o f  a biocatalyst resuspended in buffer may allow it to be recycled, 

therefore improving its productivity (see section 3.1). This approach for using
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the biocatalyst results in the cells being clarified and resuspended a number o f  

times, resulting in cell rupture and cell debris generation within the 

bioeonversion broth. These may both have an effect on downstream operations. 

In order to simulate the effects o f a number o f recycle steps o f the biocatalyst the 

cells were ruptured in order to generate a worst case scenario for the process 

stream.

Broth from the resuspended bioeonversion, before clarification, was processed 

using an APV Lab 60 homogeniser (APV Eura, Crawley, West Sussex, UK). A  

volume o f 1.5 1 was passed in recycle mode through the homogeniser at 500 bar 

for 20 mins, 4 °C (~25 cycles), to ensure complete cell rupture.

4 .2 .3  Centrifugation

Batch centrifugation was carried out using the Beckman J2-M1 centrifuge fitted 

with the JAIO fixed angle rotor (Beckman Coulter, Fullerton, USA). Samples 

direct from the bioeonversion were split equally into 500 ml centrifuge tubes and 

processed at 10,000 rpm (11,264 g), for 20 mins, 20 °C.

Process scale continuous centrifugation was carried out using the Carr 

Powerfuge™ P6 tubular bowl centrifuge (Kendro Laboratory Products Ltd., 

Bishops Stortford, Herts, UK). Sample broth was pumped through the system 

using a multichamber peristaltic pump at a flowrate o f  10 Ihr'̂  at 13,000 rpm 

(14,117 g), 20 °C from an agitated storage vessel.

4 .2 .4  Microfiltration

All microfiltration (0.3 pm and 0.16 pm) was carried out using Mini-Ultrasette™ 

tangential flow cassettes (Filtron Technology Corporation, Northborough, MA, 

USA). These filters are designed for easy scale-up and are interchangeable for 

filters o f varying membrane surface area. They were fitted with a low protein
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binding OMEGA™ membrane with an effective membrane surface area o f 50 

cm^. Operation and cleaning was carried out as stated in the instructions manual. 

Broth was pumped through the filter cassette using a Ismatec MV-2 gear pump at 

800 m lm in’(Ismatee UK Ltd., Wallington, Surrey, UK). The transmembrane 

pressure was maintained at 10 psi, measured using a Digitron 2022P manometer 

(Sifam Instruments Ltd., Torquay, Devon, UK).

4 .2 .5  Ultrafiltration

Ultrafiltration was carried out using a Millipore Pellieon Labscale TFF filtration 

system (Millipore (UK) Limited, Watford, Herts, UK). The system was fitted 

with two Pellieon XL Ultracel 10 kD filters (Millipore (UK) Limited, Watford, 

Herts, UK), each composed o f regenerated cellulose and a surfaee area o f 50 m .̂ 

Broth was recycled using the integrated peristaltic pump at 400 mlmin'* and a 

constant transmembrane pressure o f 10 psi was maintained throughout.

4 .2 .6  Analysis

Final comparison o f the broth was based on both the total protein content and 

clarification index o f each stream. Total protein content was assayed as 

previously described (section 3.2.1.3). Clarification index was calculated using 

equation 4.1 where optical density was measured at 670 nm with ODcontroi taken 

as Stream 4 which was deemed to be the highest clarity obtainable.

[4 ,1 ]
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4.3 Results and Discussion -  Ciarification

4.3.1 Centrifugal separation

The centrifugal separation o f whole cell fermentation bioeonversion media 

(WCFB) using the batch centrifuge resulted in the highest clarification (Table 

4.2). In this case the sample is gently accelerated and decelerated within a sealed 

container with a high degree o f clarification produced due to the density o f intact 

whole cells. Lower clarification was observed for continuous centrifugation that 

requires the sample to be fed into the centrifuge bowl. In this case, the sample 

passes through a centrifugal zone where it is accelerated rapidly up to the speed 

o f the bowl, experiencing very high shear forces. These high shear forces result 

in rupture o f  the cell wall generating cell debris that is not dense enough to be 

separated under the running conditions o f  the centrifuge. These fine debris 

particles result in the reduction in clarification seen with the process scale 

centrifuge.

Batch centrifugation when used to process resuspended, homogenised 

bioeonversion media (RHB) results in the lowest level o f clarification. In this 

case the homogenisation results in the production o f many fines as all the cells 

are ruptured and both the cell walls are destroyed and the cell contents released 

into the bulk media. Therefore, this media contains cell components that are not 

dense enough to be separated using the parameters set for centrifuge operation. 

This results in a broth that can only be poorly clarified unless much higher 

gravitational forces and/or centrifuge times are used.

Resuspended media was homogenised in order to generate a stream that 

represents the worst case scenario for separation by either centrifugation or 

filtration. In this case, all cells were ruptured and subsequent processing o f the 

stream provides the lowest level o f step clarification that may be achieved using 

this unit operation. All other processing o f the feed streams will result in a 

clarification between this lower limit and the upper limit set by the batch 

centrifugation o f whole cell biocatalyst.
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Absorbance 67o Clarification (%)

Recycle

Sample Feed Supernatant Control Initial (xlO)

Beckman

(Fermentation media)
13.3 0.052 0.022 9&8 98

Beckman

(Resuspended/homogenised)
0.899 0.179 0.007 80.7 -

Carr

(Fermentation media)
11.02 0.265 0.024 97.8 80

Table 4.2 The clarification o f bioeonversion broth using the batch and 

continuous centrifuges.

A consideration in assessing the clarification index o f the bioeonversion broth 

from the centrifuge is that o f catalyst recycling (Figure 4.1). This would enable 

the productivity o f  the biocatalyst to be improved by re-use after clarification. In 

this case, the effects o f  continual catalyst loss during centrifugation will reduce 

the amount o f viable catalyst present. It may then become necessary to either 

start again with fresh catalyst or supply fresh catalyst to the existing batch in 

order to improve the mass o f  biocatalyst available.

Product
Fermentation purification

Bioeonversion Clarification

Catalyst

Figure 4.1 Schematic for the recycle o f biocatalyst after a bioeonversion.
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Assessment o f the clarification index is given in Table 4.2. The effect o f recycle 

o f the biocatalyst 10 times with a constant clarification index was made. In the 

case o f  batch centrifugation, this has little effect on the reduction in biocatalyst 

mass. However, in the case o f the continuous process centrifuge a significant 

drop in biocatalyst by 20% was observed. This would result in the need to either 

add extra ‘top-up’ biocatalyst to the reactor or use a new batch o f biocatalyst.

4 .3 .2  S ize  separation - Microfiltration

All filtration was carried out in a recycle configuration. Filtration o f broth direct 

from the bioeonversion results in a rapid decrease in flux within 1 0  minutes 

(Figure 4.2). This is due to a build up o f a slimy layer o f  cells and debris on the 

membrane surface that act as a barrier resulting in a low steady flux rate. Effects 

o f this layer can be overcome by the use o f a body feed o f filter aid such as 

diatomaceous earth or expanded perlite (Doran, 1997), (Meindersma et al, 1997). 

This will generate a more porous layer o f filter cake at the membrane surface 

allowing permeate to flow more freely through the membrane.
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Figure 4.2 The filtration o f  whole cell bioeonversion broth using a 0.3 pm 
and 0.16 pm  cross flow filter. ( e  0.3 pm  filter, ■ 0.16 pm  filter).
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Figure 4.3 The filtration o f  centrifuged bioeonversion broth using a 0.3 pm 
and 0.16 pm  crossflow filter. ( •  0.3 pm  filter, m 0.16 pm  filter).
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The removal o f the cells by centrifugation prior to filtration demonstrates the 

dramatic increase in the steady flux rate that may he achieved by removing this 

contaminant (Figure 4.3). In this case we observed a difference in the average 

steady flux rate o f  48 kgm'^hr'  ̂ and 36 kgm'^hr’’ for the 0.3 pm and 0.16 pm 

filters respectively. It has been observed that in beer clarification in-depth pore 

blocking by foulants occurs. This results in smaller pore membranes producing 

higher flux rates as the particles are too large to enter the small pores and cause 

blockage (Gan et al, 1997). The direct filtration o f  whole cell broth resulted in a 

dramatic flux decline that was identical in both filtration sizes (Figure 4.2). This 

indicates cells and not pore blockage are the major foulants. This effect was not 

observed in the filtration o f centrifuged E.coli (Figure 4.3). In this case the 

decrease in filtration rate with smaller pore size indicates smaller fine particles 

cause in-depth blockage. This evidence is supported by the centrifuge step that 

will cause sedimentation o f denser particles leaving only smaller particles in the 

supernatant.

Comparison o f the clarification o f broth using centrifugation and direct 

microfiltration is made in Table 4.3. In the filtration o f  many microorganisms 

and for sterile filtration, membranes o f  pore size 0 . 2  pm are used as these are 

known to exclude all cells. Therefore, a comparison between a membrane with a 

larger and smaller pore size was made. The use o f 0.3 pm filtration on broth 

direct from the bioeonversion results in the lowest level o f  clarification (98.8%) 

and the highest protein levels (0.17 gl'^). The permeation o f  larger particles due 

to the relatively large pore size result in reduced clarity. The use o f  a smaller 

0.16 pm pore size results in a greatly improved clarity (99.9%, 0.11 gl"̂  protein), 

although irreversible membrane blockage and reduced flux rates may result in 

operational limitations at the process scale (these were not examined here). In 

the design o f the whole process the effects o f this improved clarity on the 

subsequent processing steps must be investigated. For example, the decreased 

clarity o f  0.3 pm filtered broth may result in fouling o f a packed bed column.
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Sample OD670

Overall

Clarification

(%)

Clarification 

Recycle 

(xlO) (%)

Protein

Concentration

(g l')

Whole cell biotansformation

Whole cell 13.3 0 0 0.7*

Centrifuged 0.052 99L8 984) 0.13

0.3 pm Filter 0.184 98.8 8845 0.17

0.16pm Filter 0.032 99L9 99.0 0 . 1 1

Whole cell bioeonversion with centrifugation before filtration

Whole cell 13.6 0 0 0.78*

Centrifuged 0 . 1 0 1 99.4 94.2 0.16

0.3pm Filter 0.056 99.7 97.0 0.13

0.16pm Filter 0.042 99^8 984) 0.08

Table 4.3 Properties o f the bioeonversion broth before and after clarification 

using different combinations o f centrifugation and microfiltration.

The use o f  centrifugation prior to 0.16pm filtration results in no significant 

increase in the clarity o f broth or relative decrease in protein concentration. This 

is not the case for 0.3pm filtration where a marked increase in clarity is observed 

(98.8 - 99.7%). This indicates that the centrifugation step results in 

sedimentation o f  larger particles that would otherwise permeate through the 

filtration membrane.

Protein levels with the use o f centrifugation and filtration together are lower 

when each unit operation is used on its own. As centrifugation separates on 

density and filtration on size then these processes on their own must be
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separating different classes o f proteins. Therefore when used together they result 

in a lower final protein concentration in the product stream.

Analysis o f the clarification index after 10 recycle steps shows a maintained high 

level o f  catalyst retention. Therefore, the requirement o f  ‘top-up’ biocatalyst is 

greatly reduced, except in the case o f 0.3 pm filtration alone where a significant 

mass o f  catalyst is lost (11.4%).

4 .3 .3  S ize  separation - Ultrafiltration

The use o f ultrafiltration at a lOkD cut-off resulted in a highly clarified broth 

with the majority removal o f protein content and small particulates (Table 4.4). 

Filtered samples from this stream were used as reference for the purity o f 

subsequent streams and product concentration step. In order that high flux rates 

and little membrane fouling occurred all samples were centrifuged before 

ultrafiltration was carried out. This produced an average steady flux rate o f 30 

kgm'^hr"'. Flux decrease was slow indicating a gradual fouling o f the membrane 

by filter cake build-up (Figure 4.4).
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Figure 4.4 The ultrafiltration o f centrifuged bioeonversion broth using a 10 
kD cross flow filter.
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4 .3 .4  Com parison of m ethods

A comparison o f  all feed streams (except streams 5 & 6 ) is presented in Table 

4.4. The samples produced using these various techniques resulted in process 

streams o f  varying quality and contamination that could then be used to assess 

the fouling and operation o f product concentration steps. These results represent 

the extremes o f upper and lower clarification that could be achieved using 

centrifugation and filtration. As a result, examples such as resuspended broth 

that has not been homogenised will fall within these limits.

The clarification o f  whole cell fermentation broth presents a relatively simple 

purification system. The majority o f  cells are intact and consequently easily 

separated by the use o f either size exclusion or gravitational force. This results 

in relatively high clarification with 0.3 pm microfiltration the lowest quality 

produced (98.8%).

Sample ODôto
Clarification

(%)

Protein concentration 

(g/1)

Whole cell media bioeonversion

Whole cell 13.3 0 0.7*

Centrifuged 0.052 99.8 0.13

0.3pm filter 0.184 9&8 0.17

0.16 pm filter 0.032 99.9 0.11

10k filter 0.020 100 0.05

Resuspended bioeonversion

Whole cell 0.899 0 0.81*

Centrifuged 0.179 80.7 2.42

0.3pm filter 0.107 8&8 1.39

0.16pm filter 0.012 99.4 1.17

10k filter 0.007 100 0.70

Table 4.4 Properties o f the bioeonversion broth before and after primary 

recovery.

* Not accurate measurements due to media component fouling of the assay.
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The primary recovery step for resuspended, homogenised broth resulted in a 

much lower degree o f clarification and protein removal. In this case, the cells 

have been ruptured and their contents fragmented. The broth is now a complex 

media containing increased cell debris and cell contents. The result is the 

production o f fines that are no longer efficiently separated by gravitation 

(80.7%). Filtration produces the greatest clarity with 0.16 pm microfiltration 

still producing a highly clarified broth (99.4%).

Protein levels within the resuspended, homogenised bioeonversion broth are 

consistently higher than those o f whole cell media. The rupture o f  the whole cell 

catalyst results in the release o f protein rich cell contents that account for this 

rise. A decrease in membrane cut-off size results in a decrease in protein levels. 

The use o f 10 kD ultrafiltration results in a greater level o f protein concentration 

than that seen for fermentation media. This is expected to be due to protein 

fragments passing through the filter.

In all primary recovery steps: centrifugation, microfiltration and ultrafiltration no 

significant loss o f product occurs. Therefore, the selection o f the catalyst 

removal step is based on the quality o f resultant broth and its effects on the 

subsequent purification steps (Figure 4.5). The initial design o f the isolation and 

concentration steps in the design o f the whole process w ill aid in the selection o f 

the catalyst recovery step. Selection may be dependent on the use o f cell recycle 

to improve biocatalyst productivity. Here the loss o f  biocatalyst into the 

clarification stream may be important in the overall process design.

Need for
Quality
required

biocatalyst
recycleCatalyst

Recovery
Concentration

Step
Bioeonversion

Figure 4.5 The information required in selecting the catalyst recovery step.
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4.4 Summary

• The use o f  batch centrifugation results in the high clarification o f whole cell 

fermentation broth (99.8%), but a greatly reduced clarification o f  the 

resuspended, homogenised broth (80.7%).

• The use o f  continuous centrifugation results in a lower level o f  broth 

clarification (97.8%) than batch centrifugation.

• Microfiltration using a 0.3 pm membrane produces a broth o f clarity lower 

than centrifugation using whole cell fermentation (98.8%), but is more 

effective on resuspended, homogenised broth (8 8 .8 %).

• Microfiltration using a 0.16 pm membrane produces broth o f high clarity 

when used on all bioeonversion feeds (>99.4%).

• Ultrafiltration produces the optimum clarity broth that was used as a 

reference to assess clarity o f the other process streams (100%). Protein levels 

in these product streams are greatly reduced compared to the other forms o f  

primary separation.

• Protein levels within the broth are reduced with decreasing membrane size. 

In the case o f  whole cell bioeonversion broth centrifugation produces a lower 

initial protein concentration (0.13 g f ’) than 0.3 pm microfiltration (0.17 gf^). 

In the case o f  resuspended, homogenised bioeonversion broth, the 

centrifuged sample contains the highest protein concentration (2.42 gl"̂ ).

• Protein levels are consistently higher in the resuspended, homogenised 

bioeonversion broth due to the rupture o f the cells and release o f intracellular 

protein.

• No loss o f  the product molecule occurs in any o f  the primary recovery steps.
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5 Product Concentration I - Packed Bed Adsorption

5.1 Introduction

In this chapter the use o f packed bed adsorption for the extraction and 

concentration o f the lactone products from the bioeonversion media is discussed. 

Issues addressed are resin selection and the impact o f the feed composition and 

primary recovery on column performance.

Solid adsorbents are often used in order to recover components in low 

concentration from non-adsorbing solvents and gases or to separate them by 

selective adsorption. The solid adsorbent is often used in the form o f  granular 

material or packing that consists o f a porous structure with a large surface area o f  

typically several hundred square metres (McCabe et al, 1993). This large surface 

area acts directly in separation as an inert support for a thin layer o f adsorption 

by either selective adsorption of, or chemical reaction with, certain species in the 

feed mixture. The use o f packed bed adsorption as a unit operation in chemical 

and biochemical engineering is well established and has been reported in many 

texts (McCabe et al, 1993), (Doran, 1997), (Seader and Henley, 1998).

Adsorption is an equilibrium process and in packed bed adsorption once 

saturation has been reached then the adsorbent is eluted and the column 

regenerated ready for subsequent use. It is often the case that in this process 

several columns are used in parallel and as one column becomes loaded then the 

feed is switched to a second column and the first eluted and regenerated. In this 

manner, the process can be run as a continuous operation and handle a large 

volume o f feed with a reduced volume o f solid adsorbent.

The selection o f  a suitable solid adsorbent for use in a packed bed column is 

based on the adsorption kinetics and equilibrium concentration o f the resin for 

the desired product. This relationship must be determined experimentally and 

results in the generation o f an adsorption isotherm. The isotherm relates the 

concentration o f the desired product in the liquid phase with the concentration on
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the adsorbent at a given temperature. The shape o f  this isotherm indicates the 

type o f binding at the surface o f the adsorbent and its suitability to application in 

a packed column.

2 Freundlich

Langmuir
&
I
I Linear

Solution concentration [Product]

Figure 5.1 
resins.

Comparison o f the various isotherm forms for adsorption onto

If the isotherm is linear (as shown in Figure 5.1), then the concentration o f the 

component at the adsorbent surface and in solution are at equilibrium. An 

isotherm that is convex upwards is termed favourable as a relatively high solid 

loading can be obtained at a low component concentration. If the isotherm is 

convex downwards then this is termed unfavourable as a low solid loading is 

obtained and therefore a large volume o f adsorbent required. Many 

mathematical relationships have been derived in order to describe the various 

forms o f isotherm observed. Among the most useful models developed are the 

Langmuir and Freundlich isotherms (Figure 5.1), (McCabe et al, 1993), (Seader 

and Henley, 1998). The Langmuir model represents one o f the simplest 

developed and assumes no interactions between adjacent components on the 

surface and an equal energy o f  adsorption with no migration. The Freundlich 

isotherm is widely applicable to a range o f  interactions and assumes that all 

binding sites are not o f equal energy o f adsorption. These models are used to
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describe the majority o f isotherms for single component adsorption on a solid 

particle surface.

The solution o f  an adsorbent in a packed bed also involves the consideration o f  

kinetic factors (film mass transfer coefficients, intraparticle effective diffusivity), 

and hydrodynamic factors (axial dispersion). These will determine the 

performance o f  the bed and the efficiency o f  the use o f  the resin. When the 

isotherm is o f  the favourable type such as the Langmuir or Freundlich as 

previously mentioned, then a classic S-shaped breakthrough profile is seen when 

the ratio o f  effluent concentration o f product to inlet product concentration 

(c/c*), is plotted against time. This pattern rapidly forms as product is loaded 

onto the column and subsequently passes through the bed as a Constant Pattern 

Front (CPF). The CPF represents the area within the column were mass transfer 

is occurring between the adsorbent and the component and may also be called the 

Mass Transfer Zone (MTZ). The volume o f bed behind the CPF is now at 

equilibrium with the incoming product concentration as determined by the 

adsorption isotherm and is referred to as the Length o f Equilibrium Section 

(LES) o f  the bed. The area in front o f the CPF still contains fresh adsorbent as 

product has not yet reached this part o f  the bed. The breakthrough o f a column is 

represented by the emergence o f  the CPF from the end o f  the packed bed and is 

rapidly followed by a sharp increase in the emergence o f  product.

Attempts to model the performance o f  a packed bed column without any 

experimental data are difficult and require the in-depth knowledge o f  mass- 

transfer, equilibrium and axial dispersion information. When these data are 

available then it has been possible to establish a method for rapid approximation 

o f profile and breakthrough behaviour (Cooney, 1990). This method has been 

shown to successfully predict the breakthrough profile o f  all favourable 

isotherms. However, without the knowledge o f these internal resistance’s then it 

is not possible to accurately predict the performance.

In cases where the CPF is formed it is possible to determine the length o f a full 

scale column using data obtained from a small scale laboratory run (Collins, 

1967). In this manner the column is split into two sections. The first is the
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Length o f  the Equilibrium Section (LES), which is the length o f  bed that is at 

equilibrium with the concentration o f component in the feed stream as 

determined by the isotherm. The second is referred to as the Length o f Unused 

Bed (LUB), and refers to the length o f the CPF minus the length permitted for 

breakthough o f  the product (percentage o f  product loss permitted to optimise 

column use). Combining these lengths results in an overall length for the column 

(Lo) (Figure 5.2). When scaling the bed, providing the feed concentration, 

composition and conditions as well as a linear flowrate are maintained this length 

can be used to estimate the length o f the new bed. This is achieved by adjusting 

the LES according to the total product mass to be extracted and simply adding 

the LUB, which will remain constant if  all other conditions remain constant. 

Packed bed columns are scaled by increasing diameter to reduce the pressure 

drop across the column. These values may then be adjusted to increase the size 

o f the column by adjusting the diameter and not the length o f the column.

LUB

Lo

LES

Figure 5.2 
column.

Breakdown o f the column length for the scale-up o f  a packed bed

Using this approach to column assessment and scale-up it is therefore possible to 

assess column performance in terms o f feed composition and those effects on the 

breakthrough profile. Solid adsorbents have been shown to be suitable for the
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extraction o f products from a range o f  bioconversions (van der Schaft et al, 

1992), (Krings et al, 1993), (Held et al, 1998a), (Schügerl, 2000), (Simpson et al, 

2001). They are often applied in a packed bed column in order to optimise resin 

efficiency and product extraction. However, little work has looked at the effects 

o f  feed composition on the performance o f the colunrn. Initial studies have 

indicated a significant increase in breakthrough profile (and hence column 

length), between the extraction o f product from water and a simulated 

fermentation media (Krings and Berger, 1995). A  significant increase was also 

observed with increasing the flowrate, as would be expected due to the resultant 

reduction in contact time. However, no further work to assess the effects o f 

fermentation media or feed composition resulting from catalyst recovery were 

reported.

The work repeated here aims to assess the impact o f  feed composition on the 

resultant LES and breakthrough profile o f  a packed bed. This is achieved by 

assessing the resultant breakthrough profile for a constant linear flowrate and 

feed concentration o f the product. Deviations o f  the breakthrough profile may 

then be assessed in terms o f feed composition. Measurement o f the column 

pressure drop will also permit assessment o f column fouling. Various process 

routes were taken as shown in Figure 5.3 in order to assess the impact feed 

composition will have on the breakthrough profile. Primary recovery streams 

were used as described in Chapter 4 such that varying degrees o f  clarity were 

obtained resulting from different principles o f purification.
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a)

Bioconversion Primary Packed Bed Adsorption

b)

Bioconversion Packed Bed Adsorption

Figure 5.3 The process flowsheet showing the sequence o f  events for product 
recovery and concentration using packed bed adsorption and the routes that will 
be taken for analysis on the efficiency o f the process.

5.2 Materials and Methods

5.2.1 Adsorption test

Resins were tested using batch adsorption in glass universals (Fisher, 

Loughborough, Leicestershire, UK). Resins were prepared prior to use 

according to the manufacturer recommendation. A sample o f resin (1 g) was 

added to each universal containing 2 0  ml o f bioconversion media with 2  g f ’ o f  

the bicyclo[3.2.0]hept-2-en-6-one and l(R),5(S)-2-oxabicyclo[3.3.0]oct-6-en-3- 

one present. The universals were sealed and agitated at 200 rpm for a period o f 5 

hours (21 °C), using a bench agitator fitted with a basket. Broth was 

subsequently removed by vacuum filtration and the residual broth concentrations 

were then measured by GC. The resin was returned to the universal and 10 ml o f  

ethyl acetate eluant added. This was again agitated at 200 rpm (21 °C) for 5 

hours and the resultant lactone concentration in the solvent measured.
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5.2 .2  Column

The column used was a Pharmacia SR 10 series (Amersham Pharmacia Biotech, 

St Albans, Herts, UK) mounted vertically using a retort stand. Amberlite XAD 4 

(Supelco, Poole, Dorset, UK) (5 g) was washed and prepared according to the 

manufacturer recommendation and loaded as slurry in RO water on to the 

column. Once the resin had settled then the flow adapters were positioned in 

order to ensure no expansion o f  the resin during use. The column dimensions 

when packed were 0.95 cm diameter, 9.4 cm length. Once constructed, the 

column flowrate was calibrated and the column washed by pumping 400 ml o f 

RO water in the up-flow direction at 0.12 Ihr'L

5 .2 .3  Operation

Sample broth was pumped through the column using a multi-chamber peristaltic 

pump at constant temperature (21 °C), in the up-flow direction. The flowrate 

was measured at the beginning and periodically throughout operation to ensure it 

was at a constant 0.12 Ihr'̂  (linear velocity through the column 0.04 cms'*). The 

exit concentration from the column was measured by GC analysis (see section 

3.2.1.1). The inlet pressure to the column was measured using a Digitron 2022P 

digital manometer calibrated between 0-2 bar (Sifam Instruments Ltd., Torquay, 

Devon, UK). On completion o f  column loading the resin was permitted to run 

dry before elution was completed using ethyl acetate in the reverse flow  

direction.
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5.3 Results -  Resin Selection

5.3.1 Screening

A range o f  resins was tested by batch adsorption to select for use in the column. 

Resins were chosen dependent on their application potential according to the 

manufacturer and physical properties. The range selected comprised o f anion 

exchange (Amberlite IR, Duolite, Diaion SAIOA and S A llA , Dowex 1, G-55 

and SBR-C), cation exchange (Amberlite IR-120 PLUS, Diaion WKIOO), a 

mixed ion exchange resin (Dowex MR3), plus a range o f  physical adsorption 

resins (Ambersorb, Amberlite XAD and activated carbon).

The results from the batch adsorption are given in Figure 5.4. The most suitable 

for extraction were the physical adsorption resins. These gave good levels o f  

extraction for the mass o f resin added to the vessel. Table 5.1 illustrates the main 

physical properties o f the three resins chosen for further analysis and potential 

use in a packed bed column to extract the lactone product. None o f the tested 

resins was selective for the lactone over the ketone.

Resin Chemical nature Surface area
(m V ')

Mesh
size

Density
(gmf^)

Amberlite 
XAD 4

Polyaromatic,
hydrophobic

725 20-60 1.08

Ambersorb Low
1 1 0 0 20-50 0.49572 hydrophobicity

Activated
carbon

Steam
activation 600-800 4-8 &80

Table 5.1 Main physical properties o f the three optimum adsorption resins.
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D ow ex

Diaion
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Activated
carbon

Ambersorb

Amberlite 7

g-ygfj-yH
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Figure 5.4 The percentage extraction of ketone and lactone from 20 ml of 
bioconversion broth using 1 g o f the various resins (■ Ketone, ■ Lactone).
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5 .3 .2  Resin characteristics

O f the resins tested in section 5.3.1, three were chosen for further analysis and 

selection: Amberlite XAD 4, Ambersorb 572 and Activated Carbon. The 

adsorption isotherms and physical properties o f these resins were subsequently 

investigated and Amberlite XAD 4 selected as the optimum resin (properties 

discussed beneath). The adsorption characteristics o f Ambersorb 572 and 

Activated Carbon are given in Appendix 1.

As can be seen from Table 5.1 the Amberlite XAD 4 resin has the greatest 

density o f those selected. Therefore for an equivalent mass o f resin the 

Amberlite will occupy the smallest volume and therefore the smallest packed 

bed. Density is also important when handling and loading the bed with a higher 

density improving processing.

Amberlite XAD 4 is designed for the application o f  the removal o f small organic 

compounds from water. For this reason the resin has received much attention for 

application in the adsorption o f bioeonversion products; 3-substituted catechols 

(Held et al, 1998b), 2-heptanone (van der Schaft et al, 1992), Taxol (Kwon et al, 

1998), L-tryptophan (Ribeiro et al, 1995). In all cases the resin successfully acts 

so as to extract the target product from the bioeonversion media (and in some 

cases also supply the substrate).

In order to understand the kinetics and adsorption capacity o f  Amberlite XAD 4 

it was necessary to model and simulate the resin adsorption isotherms as 

described in section 5.1. To achieve this the Langmuir isotherm was used to 

describe the adsorption process onto the surface o f  the solid particles. This 

isotherm is the simplest derivation to describe interactions and assumes a 

homogeneous surface with the energy o f adsorption equal across all sites. The 

isotherm is mathematically described by equation 5.1 where Casm is the 

maximum loading o f adsorbate. Cas* and Ca* are the equilibrium concentration 

on the adsorbent and in the fluid phase respectively and Ka is a constant.
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_  ^ASM^A^A
l + K . C '

This equation may be linearised to form equation 5.2. A plot o f CaVCas* versus 

Ca* will produce a straight line with a gradient o f  1/Casm and intercept 

1/CasmKa.

^  = — ^  + ̂  F5 21r' jc [5.2J'̂ AS ' ÂSM-̂ A '̂ ASM

A plot o f the linearised Langmuir isotherm using experimental data to calculate 

the maximum resin loading is given in Figure 5.5. The Langmuir isotherm was 

determined to best kinetically describe the adsorption due to the accuracy o f the 

line o f best fit (R^=0.988). The maximum loading capacity o f  Amberlite XAD 4 

for lactone product was calculated as 0.09 gproductgresin '- The capacity o f  this 

resin was comparable with those o f Ambersorb 572 and Activated Carbon (both 

0.10 gg'^). The shape o f the adsorption isotherm is given in Figure 5.6.
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Figure 5.5 The Langmuir isotherm plot for the adsorption o f lactone product 
onto Amberlite XAD 4 (R  ̂= 0.988).
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Figure 5.6 Adsorption isotherm for lactone product onto Amberlite XAD 4 

(- line o f best fit using the Langmuir isotherm).
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5 .3 .3  Breakthrough profile

The breakthrough profile for the lactone product in water was established (Figure 

5.7). This profile was representative o f a CPF and could be used to assess the 

impact o f column feed composition on the shape o f this breakthrough. The line 

o f  best fit through the data is best described using a Boltzman sigmoidal curve. 

This plot was fitted using the software application Microcal Origin 6.0 

(OriginLab Corp., Northampton, MA, USA). Data points from this curve were 

then plotted against experimental data as a parity plot in order to test the 

goodness o f fit. All breakthrough curves gave an greater than 0.990 and the 

technique o f  this curve fitting to describe the curves accurately was determined 

suitable. Using this technique experimental errors were measured as the value 

o f the parity plot.

The flowrate o f sample through the column was considered suitable in order to 

assess the alteration in breakthrough profile observed in the variation in feed 

composition. Characteristics o f the column performance in terms o f  flowrate, 

feed concentration and column pressure drop were assessed and are given in 

Appendix 1. These characteristics are important in scaling the column.

As described in section 5.2.3 lactone was eluted from the column using a stream 

o f ethyl acetate. The elution profile is given in Figure 5.8. Due to the high 

affinity o f the lactone for ethyl acetate the products are rapidly eluted from the 

column and therefore all o f the column contents can be eluted into a small 

volume o f the solvent. In this manner a large volume o f  liquid containing a 

dilute concentration o f the lactone product can be concentrated several fold into a 

solution o f  solvent using this packed bed approach. This can then be further 

concentrated by simple evaporation.
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Figure 5.7 Breakthrough profile for lactone loading onto Amberlite XAD 4 
packed bed column (R^=0.998).
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Figure 5.8 Elution profile for the extraction o f lactone product from a packed 
bed column using Amberlite XAD 4 (R^=0.999).
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Figure 5.9 Breakthrough curves for three extractions using the same column 
to test resin recycle potential (♦Run 1, mRun 2, Run 3), (R^=0.991).
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The ability to recycle the resin used within a packed bed column is important to 

the application in a process. The use o f  a resin multiple times results in the 

overall cost o f  the resin on a gram o f product per gram o f resin basis greatly 

reduced.

The recycle o f  Amberlite XAD 4 is shown in Figure 5.9. The resin was 

successfully recycled three times with no subsequent loss in the breakthrough 

curve or the capacity o f the resin. This recycle potential can only be maintained 

i f  the resin is washed thoroughly with water and methanol between runs. The 

use o f the resin in multiple batch runs without this washing procedure results in a 

greatly increased mass requirement (double) o f resin for a given mass o f product 

for extraction (Appendix 1).

5.4 Results -  Component Effects on Column Performance

5.4.1 Media com ponents

The first assessment on column performance was that o f  the media components 

o f the solution. The impact o f bioeonversion media on the breakthrough profile 

compared to that for RO water was first assessed (Figure 5.10). It was observed 

that the breakthrough profile for this bioeonversion media has a reduced 

maximum gradient at the mid-point and therefore a longer overall resultant 

profile. Therefore, the media has an adverse effect on the length o f unused bed 

required for a column. This results in a 1/3 increase in the length o f the unused 

bed required to be added to the column to achieve constant product recovery in 

the media compared to RO water.

An assessment o f the main media constituents was necessary in order gain an 

overall picture o f the extraction process (section 3.2.2). One o f the main 

constituents o f interest is the co-substrate, glycerol. This component is present 

within the fermentation media and also added to the bioeonversion, and
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consequently may be present at varying concentrations in the final broth to be 

processed. Effects o f a high concentration (20 g f')  were studied in order to see if  

this worst case scenario had any adverse effects. The results observed from this 

process indicated that there was no significant effect o f  this component on the 

breakthrough curve (Figure 5.11).
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Figure 5.10 Comparison o f  the effects o f m edia on the breakthrough curve 
compared to that for lactone dissolved in RO water (■ m edia (R^ -  0.992), •  RO 
water (R^ = 0.998)).
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Figure 5.11 Comparison o f the effects o f  glycerol on the breakthrough curve 
compared to that o f  centrifuged broth (m glycerol (R^ = 0.998), •  centrifuge (R^ = 
0.992).
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5 .4 .2  Substrate levels

An important consideration in the recovery o f product from a bioeonversion 

system is the concentration o f the substrate in the process stream. As the 

substrate and product molecules only vary in the insertion o f  an oxygen molecule 

then this may have a significant effect on the adsorption process. The optimum 

selection o f a resin would result in a selective resin that only adsorbs the required 

product molecule. As seen from Figure 5.4 none o f the resins tested resulted in 

selective binding o f the product molecule.

The effects o f an equal concentration o f substrate and product in the feed stream 

o f a broth media are displayed in Figure 5.12. The resultant profile presents a 

‘wash out’ o f the lactone product from the column as the column reaches 

saturation. In cases where c/c*>l, then component must be being stripped from 

the column into the exit stream as the outlet concentration is higher than the inlet 

concentration. This effect is seen as the breakthrough profile o f  the substrate 

begins to exit the column. As the column reaches complete saturation, the 

breakthrough curves o f  both the substrate and the product reach equilibrium with 

the inlet stream (c/c*=l), at the same time. At this point the resin is at 

equilibrium with both the substrate and product and the media concentration.

The effect o f the substrate concentration on the binding characteristics o f the 

lactone product was assessed using batch adsorption tests. It was found that as 

the ratio o f the ketone to lactone was increased so the binding capacity o f the 

resin was reduced (Figure 5.13). This effect was such that at an equal 

concentration o f both components 50% o f the resins capacity for the product is 

lost.
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Figure 5.12 The effects o f equal substrate and product concentration on the 
breakthrough curve (♦ ketone (R"=0.999), ■ lactone)
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Figure 5.13 Depletion o f adsorption capacity o f  Am berlite XAD 4 for the 
lactone product in the presence o f the ketone substrate (R^=0.994).
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5.5 Results -  Primary Recovery Effects on Column Performance

5.5.1 Fermentation media bioeonversion

The effect o f various primary recovery techniques on the performance o f the 

column was assessed (Figure 5.14). The streams in all cases were derived from 

the same fermentation and bioeonversion run so that any effects that were 

observed are the result o f the recovery technique and not the media composition.

Bioeonversion

0.3 pm Filter

Lab Centrifuge

Water + Lactone

Packed bed 
column

Packed bed 
column

Lab Centrifuge 
+ Ultrafiltration

Figure 5.14 Schematic representing the various process streams studied for the 
effects o f  primary recovery on a packed bed column.

The breakthrough profiles for the various feed streams from bioeonversion 

media, as shown above and described in chapter 4, are displayed in Figure 5.15. 

It was found that the composition o f the streams varies in terms o f clarification 

and protein contents (section 4.3.4). These may be expected to have an effect on 

the breakthrough curve in terms o f pore blockage or surface fouling, both 

resulting in reduced surface area. These streams are compared against the 

optimum breakthrough profile produced for product in RO water. As can be seen
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from the breakthrough profiles o f the various streams no significant difference is 

observed. Mass balance o f all curves after extraction was greater than 90%. The 

observed level o f adsorption o f the product at equilibrium was also equal to that 

predicted from the adsorption isotherm.

Another important comparison in the operation o f the column is that o f the 

pressure drop across the packed bed. An increased pressure drop results in 

possible resin compression. The effects o f pressure drop are presented in Figure 

5.16. In all cases, except that o f whole cell broth, no significant increase in the 

pressure drop was observed. This might be expected as the clarification index o f  

all o f these streams was greater than 98.8%. A significant increase in the column 

pressure was seen with whole cell broth. This resulted in over a 100 fold 

increase in the pressure drop. This began to increase rapidly and then gradually 

increased throughout the experiment.
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Figure 5.15 Comparison o f  the effects o f  various prim ary recovery techniques 
on the breakthrough curve for lactone product extraction. (■ W hole cell broth 
(R^>0.999), # 0.3 pm filtration (R^=0.997), ▲ Centrifuged broth (R^=0.997), ▼ 
Centrifuged followed by ultrafiltration (10 kD) (R^=0.999), ♦ Lactone dissolved 
in water (R^=0.998)).
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Figure 5.16 Comparison o f  column pressure during the adsorption o f the 
product onto Amberlite XAD 4. (■ W hole cell broth, # 0.3mm filtration o f whole 
cell broth, a Centrifuged broth at l l ,2 6 4 g  for 20 mins from bioeonversion, ▼ 
Centrifuged broth at 11,264g for 20 mins from bioeonversion followed by 
filtration at 10k, ♦ Lactone dissolved at water).
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5.5 .2  Large sca le  bioeonversion

An assessment o f broth clarified from a large scale bioeonversion was made. For 

this a continuous centrifuge was used as described in section 4.2.2. These 

centrifuges generate a large shear force in the feed zone and therefore result in 

cell breakage and the production o f fines and intracellular contents that may 

result in pore and column blockage. This breakage resulted in a reduced 

clarification index (97.8%), (section 4.3.1). This sample was compared to an 

external control o f the same broth passed through a batch centrifuge and a 

sample o f the centrifuged broth that had been microfiltered to improve the clarity 

(Figure 5.17).

Lab centrifuge

Carr centrifugeBioeonversion

Carr + 0.16 pm 
filter

Packed bed 
column

Figure 5.17 The process options used to study the effects o f a continuous 
centrifuge on the packed bed column.

The effects o f the various feed streams are presented in Figure 5.18. It would be 

expected that the continuous centrifuge stream would result in an extended 

breakthrough profile due to less efficient utilisation o f the resin. However, as 

can be seen no significant difference in the control and continuous centrifuge 

process stream breakthrough profiles was observed. There was also no 

significant improvement (reduced length), in the breakthrough profile observed 

for the highly clarified broth using the added microfiltration step.

It would be expected that an increase in pressure drop across the packed bed 

would be observed due to fouling and blockage. However, the particles appeared 

to be too small to result in any visual blockage and the variation in pressure drop 

across the bed was insignificant.
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Figure 5.18 Comparison o f the effects o f various primary recovery techniques 
on the breakthrough curve for lactone production from a 75 Itr bioeonversion (■ 
Control (R^=0,993), ▲ Carr centrifuge R^=0.998, •  Carr centrifuge and 0.16 pm 
filtration R^=0.993).
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5 .5 .3  R esu sp en d ed  bioeonversion

The use o f a resuspended bioeonversion has many potential advantages in 

removing the spent fermentation media and allowing the cells to be recycled. 

This results in a process stream containing reduced contaminants, improving the 

yield on catalyst and its economic potential. However, the recycle o f  the whole 

cells results in cell damage. These may all have an adverse effect on the 

breakthrough profile resulting in blockage and surface fouling.

In order to study these effects, a broth from a resuspended bioeonversion was 

homogenised and the resultant stream analysed for the effects on breakthrough 

(Figure 5.19). This process simulates a worst case scenario o f total cell damage 

after the final resuspension run. The effects on the breakthrough profile 

compared to a fermentation media bioeonversion are presented in Figure 5.20. In 

this case both samples have been centrifuged prior to loading on to the column in 

order to eliminate any fouling effects. It was observed that no significant 

difference in the breakthrough profile or adsorption capacity o f the resin 

occurred when comparing the media type.

Centrifuge

0.3 pm Filter

Bioeonversion

Homogenised
Packed bed 

column

Figure 5.19 The various process streams studied for resuspended, 
homogenised bioeonversion broth.
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A comparison o f the various feed streams from the primary recovery step also 

resulted in no significant difference in the breakthrough profile (Figure 5.21). 

This was unexpected as these streams can only be poorly clarified due to the fine 

nature o f the contaminants (80.7% in the case o f  centrifuged broth). Protein 

levels within these streams were also much higher (2.42 g f ’ in the case o f  

centrifuged broth), and would be expected to either interact with the resin surface 

or result in pore blockage. Resin capacity for the product, when calculated from 

the elution concentration, was also consistent with the adsorption isotherm 

predicted levels. All mass balances were greater than 90%.

The pressure drop across the column remained insignificant in the case o f either 

centrifuged or filtered broth (Figure 5.22). However, a gradual increase in 

pressure over time was observed for the untreated broth. This pressure increase 

was not as pronounced or high as that observed for whole cell fermentation 

media indicating a much slower fouling process.
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Figure 5.20 Comparison between feed streams from different bioeonversion 
techniques ( •  Fermentation media bioeonversion (R^=0.993), ■ Re-suspended 
bioeonversion followed by homogenisation (R^=0.997)).
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Figure 5.21 Comparison o f primary recovery technique on breakthrough 
profile using bioconversion media from a re-suspended broth with subsequent 
homogenisation (■ Centrifuged (R^=0.997), •  Untreated broth (R^=0.999), ▲ 0.3 
pm filtration (R^=0.999)).
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Figure 5.22 Comparison o f primary recovery technique on column pressure 
using bioconversion media from a re-suspended broth with subsequent 
homogenisation (■ Centrifuged, •  Untreated broth, ▲ 0.3 pm filtration).

125



Product Concentration I -  Packed Bed Adsorption

5.6 Results -  Product purity

5.6.1 Extractant purity

Samples o f eluant from the column were analysed by GC connected to a mass 

spectrometer (GC:MS).

The chromatographs produced for the eluant o f all fermentation media column- 

loading runs gave the same profile o f  components (Figure 5.23). Likewise all 

GC profiles from the resuspended media bioconversions were the same (Figure 

5.24). All components present must have become attached or trapped within the 

column during loading and were eluted in the solvent stream.

In the whole cell run both the substrate and products are clearly visible in the 

eluant. Substrate was present in this run in the initial broth and subsequently 

concentrated by the extraction process. In the resuspended run no ketone was 

present as this reaction was run to completion.

The chemical 7-chloro-bicyclo[3.2.0]hept-2-en-6-one, is an intermediate in the 

manufacture o f the substrate, bicyclo[3.2.0]hept-2-en-6-one. This chemical was 

present in small quantities in the manufactured substrate and has subsequently 

been passed into the bioconversion media feed.
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4a4b

Figure 5.23 Chromatogram for the solvent phase post extraction from a PB A 
whole cell adsorption. (1. Lipid remnants from whole cell, 2. Bicyclo[3.2.0]hept- 
2-en-6-one, 3. 7-chloro-Bicyclo[3.2.0]hept-2-en-6-one, 4a & 4b (-) 1 (S), 5(R) 2- 
oxabicyclo[3.3.0]oct-6-en-3-one, (-) 1 (R), 5(S) 3-oxabicyclo[3.3.0]oct-6-en-2- 
one, 5. Indole).

2 a 2 b

Figure 5.24 Chromatogram for the solvent phase post extraction from a PB A  
resuspension bioconversion adsorption. (1. Lipid remnants from whole cell, 2a & 
2b (-) 1 (S), 5(R) 2-oxabicyclo[3.3.0]oct-6-en-3-one, (-) 1 (R), 5(S) 3- 
oxabicyclo[3.3.0]oct-6-en-2-one, 3. Indole).
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The final peak produced on the chromatograms o f both fermentation media and 

resuspended bioconversions was identified as indole. This is a component o f the 

amino acid tryptophan which is known to be broken down by growing E.coli 

cells and has even been used in the development o f rapid spot tests for this 

organism (York et al, 2000). The component is present to varying degrees in 

each o f the media types with a greater contamination relative to the substrate and 

product levels observed in the fermentation media (Table 5.2). As indole is 

produced during the fermentation step o f the process, the resuspension step must 

act as a wash removing the majority o f this component.

Component
Input

(g l')

Output

(g l')

Extraction from 

input broth to

Extraction 

observed relative

column (%) to expected (%)

Whole cell media bioconversion

Lactone 2.51 0.93 37 1 0 0

Ketone 0.05 0.04 76 1 0 0

Indole 0.06 0.05 89 1 0 0

Resuspended buffer bioconversion

Lactone 2.50 0.87 35 1 0 0

Ketone 0 0 0 1 0 0

Indole 0 . 0 1 0 .0 1 99 6

Table 5.2 Extraction o f components from whole cell media and resuspended 

buffer bioconversions using a column with an expected extraction rate o f 37% 

for lactone.
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5.7 Discussion

5.7.1 Operating the bioconversion for optimal resin efficiency

In the analysis o f  the effects o f media on the breakthrough profile, it was 

observed that the presence o f fermentation media results in an increase in profile 

length. This effect has also been reported in the extraction o f aroma compounds 

from fermentation media in packed beds (Krings and Berger, 1995). In this case 

the effects were tested against two aroma compounds with the degree o f  

breakthrough profile extension dependent upon the product. It was suggested 

that this effect was due to the solute concentration within the media resulting in 

lower distribution coefficients o f the aroma compounds, although unlikely to be 

the case here.

The extended profile occurred in all cases in which the sample had been in 

contact with the whole cell catalyst and fermentation media. This was even the 

case where the fermentation media had been removed and replaced with a 

phosphate buffer. It is expected the reduced distribution coefficient is the result 

o f the presence o f  whole cells within the media during the bioconversion. As in 

most cases the cells are removed before loading broth on to the column then the 

effects are not due to the cells themselves. However, they may be caused by 

either strip o ff  from the cell surface, excreted metabolites or by-products. The 

use o f  ultrafiltration (cut-off 1 0  kDA) resulted in no improvement o f the 

breakthrough profile. Therefore, the effects on dynamic adsorption must result 

from an interaction between small molecules (e.g. indole, 7-chloro- 

bicyclo[3.2.0]hept-2-en-6-one, protein fragments, lipid fragments.), carried over 

from the cells and the resin surface during binding.

An important consideration in the operation o f  the bioconversion is that o f the 

substrate concentration in the resultant process stream. In continuous 

bioconversion reactions or where the substrate is relatively cheap then the 

product stream may contain both substrate and product. These components then 

pass through the purification process together and must be separated. This 

separation often involves costly distillation, chromatography or crystallisation
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steps as the molecules often only differ by the insertion o f a single atom. 

Analysis o f the whole process production o f L-camitine has highlighted the 

significance o f  the substrate concentration (Hocks et al, 1996). It was calculated 

that the operation o f the bioconversion in order to ensure all substrate was 

converted prior to purification was more cost effective than the required 

crystallisation steps for separation.

In the use o f packed bed adsorption with a non-specific adsorbent such as 

Amberlite XAD 4 then both substrate and product would be removed from a 

process stream. These would then require separation further downstream. 

However, as observed, competitive binding also becomes a problem. The 

presence o f substrate at levels o f % the product concentration result in a 1 0 % 

reduction in resin capacity for product. Therefore, the LES section o f  the column 

becomes extended as more resin is required for a given mass o f product. This is 

an undesirable effect, particularly if  the resin is expensive, and the bioconversion 

must be controlled in order to utilise all substrate.

Using the data collected it is possible to draw a chart representing the trade off 

between substrate concentration and the loss in product due to competitive 

binding (Figure 5.25). This provides a rapid method for assessing the effect o f  

the substrate on product recovery and column performance and will be a valuable 

tool in process design. The level o f ‘polishing’ in order to either remove excess 

ketone or ensure utilisation before entering the packed colunrn stage can be 

rapidly assessed.
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Figure 5.25 The effect o f the ratio o f substrate to product concentration on the 
loss o f  product from a column o f fixed resin volume.

The potential o f the column for recycle is an important parameter in order to 

minimise resin cost per gram o f product. The column was recycled three times 

with no subsequent effect in the adsorption capacity or breakthrough profile o f  

the resin. It is consequently expected that further recycle o f the resin is possible. 

The original loss o f resin performance as described in section 5.3.3 and 

Appendix 1 was attributed to resin hydration (Sigma Technical Bulletin, Poole, 

Dorset, UK). When in contact with hydrophobic solvents this resin will tend to 

shrink and subsequently reduce its exposed surface area. On eluting the resin 

with ethyl acetate a reduction in capacity is observed due to shrinking. The resin 

subsequently remains in this ‘new state’ without further alteration and the 

continued constant reduction in capacity is observed. Water is insufficient to re

hydrate the resin and the re-introduction o f  broth will not regain the adsorption 

capacity. However, the application o f a methanol soak step between resin re-use 

restores the original structure and capacity is regained. Subsequently, the use o f  

methanol and water wash steps to remove debris and re-hydrate the column 

allows column recycle with no loss in performance (Figure 5.26).
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a)
Wash
(Water)

b)
Loading
(Broth)

c)
Elution
(Solvent)

d)
Rinse
(Water)

e)
Re
hydration
(Solvent)

Figure 5.26 Schematic for the process steps required in the operation of the 
packed bed column.

5.7 .2  Selection of primary recovery

The effects the primary recovery technique had on the breakthrough profile from 

the column were limited. No significant difference between centrifugation, 

microfiltration or ultrafiltration was observed. In the selection of the primary 

recovery technique to be used other process parameters are more significant. For 

example, the use o f a continuous centrifuge produces high shear rates and 

subsequent low clarification (see chapter 4). These result in cell rupture and will 

therefore not be satisfactory in a resuspended bioconversion system as ruptured 

cells can not be recycled. In this case microfiltration in order to recover the 

catalyst would be more effective as it produces less shear.

The mean pore diameter of Amberlite XAD 4 is 4 nm (Supelco, Poole, Dorset, 

UK). The average diameter of a protein 300 amino acids long, when folded into a 

sphere, is 4.3 nm (Alberts et cil, 1989). It would be expected that proteins and 

indeed any other components o f this size (lipids, cell fragments) might block
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these pores resulting in a reduced available surface area for binding. This would 

have the effect o f both reducing the equilibrium capacity and affecting the 

dynamic adsorption (increasing breakthrough profile). These effects were not 

observed in any o f the resultant breakthrough profiles. Protein concentration 

levels in both the inlet and outlet streams were the same for all runs indicating no 

significant protein loss in the column. The resin is either acting to repel these 

foulants so they pass around the resin or they freely pass through the matrix 

without being retained.

The use o f whole cell fermentation broth does result in column fouling. Whole 

cells can be visibly seen to block the inter-particle spaces as the column is 

loaded. This results in the subsequent 100 fold increase in column pressure drop. 

However, no significant variation in the dry cell weight between the inlet and 

outlet streams was observed indicating no trapping o f the cells. The pressure 

drop was also not great enough to result in a subsequent reduced flowrate at this 

scale. However, on scaling, the pressure drop will become a significant factor in 

column operation (McCabe et al, 1993). The pressure across the column will be 

greatly increased and compression o f the resin may become significant. The use 

o f primary recovery in order to avoid column damage is necessary.

The use o f homogenised resuspended broth resulted in a small pressure rise 

across the column. This effect was greatly reduced compared to the whole cell 

fermentation media. Homogenised broth contains cell fragments and these may 

be free to flow through the inter-particle voids without causing any obstruction.

It is possible to avoid the issues o f column fouling and pressure increase by the 

application o f expanded bed chromatography. In this manner the bed o f  resin is 

fluidised by the use o f an up flow o f feed stream and a greatly extended column 

(Chase, 1994). This technique has received much attention with the major 

application focused on protein purification (Chase and Draeger, 1992), 

(Bamfield et al, 1997), (Bierau et al, 1999). When operating an expanded bed 

then the resin is fluidised allowing all particulate matter to freely flow through 

the large voids created and thus not foul the bed (Figure 5.27). Expanded beds 

utilise adsorbents with particle diameters ranging from 50-400 pm and density
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1.1-1.3 gml"' (Hjorth, 1997). Am berlite XAD 4 has a diam eter range o f  250-850 

pm  and a density o f 1.08 g m f' (Supelco, Poole, Dorset, UK). This is narrowly 

outside the range applicable and the application o f  this technique to overcome 

column pressure may be possible. However, prelim inary tests and the low 

density and larger particle size o f the chosen resin resulted in gradual wash out o f 

the beads from the top o f the column. The operation o f  the column in this 

m anner would require a reduced flowrate and therefore increased process time. 

However, this will allow for direct recycle o f whole cells and may be beneficial 

in overall process design.

a) Packed bed 
column

b) Expanded bed 
column

Figure 5.27 Schematic representation o f  a packed bed and expanded bed 
column using the same volume o f adsorption resin.
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5.8 Summary

•  Only physical adsorption resins are suitable for the extraction o f the lactone 

products from an aqueous solution.

• Amberlite XAD 4 was the best resin for study and produced a Langmuir type 

isotherm for the adsorption o f lactone product.

• The resin could be successfully loaded with product and produced a typical 

breakthrough profile for this type o f favourable isotherm (Maximum binding 

c a p a c i t y  ( 0 . 0 9 g p r o d u c t § r e s i n  ) •

• Elution o f the product into a reduced volume was possible with ethyl acetate 

(40% reduction).

• The resin could be successfully recycled after washing with water and re

hydration with methanol.

• The presence o f  whole cell biocatalyst in the bioconversion resulted in an 

increase in the length o f the breakthrough profile (35% increase in bed 

length).

• No other media components, such as the cofactor recycle substrate had any 

effect on the breakthrough profile.

• The presence o f  ketone substrate in the feed stream to the column resulted in 

competitive binding and a reduction in colunrn capacity for the lactone 

product (50% reduction in resin capacity at equal substrate to product ratio).
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Primary recovery type had no effect on the adsorption capacity or dynamic 

adsorption o f the eolumn for lactone in either fermentation media or 

resuspended broth.

The use o f large scale fermentation media had no effeet on the breakthrough 

profile produced.

Primary recovery must be applied in order to remove the biocatalyst before 

eolumn loading in order to avoid the generation o f a large pressure drop 

across the column (1 bar).

Resuspended bioconversion results in the washing o f  by-produets such as 

indole before the bioconversion and therefore there redueed presence and 

carry over in purification.
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6 Product Concentration II - Liquid-Liquid Continuous 

Extraction

6.1 Introduction

In this chapter the use o f a liquid-liquid continuous extraction column for the 

recovery o f lactone product from bioconversion broth is discussed. Both the 

implication o f broth clarity on émulsification and column operating parameters 

on the extraction rate were studied.

Liquid-liquid extraction is a mass transfer operation whereby product is 

transferred from the process stream into a second immiscible liquid. The rate 

and degree o f  extraction o f the process is dependent on the mass transfer and 

partition equilibrium o f the product between the two phases. Extraction occurs 

by mixing the phases and allowing the product to partition into the extracting 

liquid. Extraction liquid is chosen to obtain preferential product extraction with 

minimal process effects (émulsification, phase separation).

Process equipment used for this unit operation may range from simple mixer 

settler tanks to more complex designs such as spray columns or perforated plate 

towers (McCabe et al, 1993), (Seader and Henley, 1998). These all operate so as 

to exploit the partitioning o f the product between the feed stream and the solvent 

while minimising any process effects such as émulsification or separating time o f  

the phases. Many factors must also be considered when selecting the optimum 

solvent, such as selectivity, regeneration, density difference. These must all be 

considered in the overall running o f the process (Cusack et al, 1991).

The most widely used application o f liquid-liquid extraction in biochemical 

engineering is in antibiotic recovery from fermentation broth. This is an 

important process in the successful recovery o f products such as penicillin and 

erythromycin (Hatton, 1985), (Lee et al, 1997).
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A major consideration in the solvent extraction o f products from biological 

media is the formation o f emulsions. These prevent the separation o f phases and 

form a complex o f the components resulting in an increase in process costs and 

problems in processing. In order to help overcome an emulsion centrifugal 

extractors are normally employed as these may help in emulsion breakage. The 

use o f large centrifugal forces aids in breakage o f the emulsion and separation o f  

the phases.

Initial studies into the cause and structure o f emulsions have shown that when 

certain inorganic compounds are disregarded, there are three common stabilisers 

(Matijevic, 1976). These were identified as a) amphiphilic organic compounds 

such as detergents which may be ionic, ionic at the surface or nonionic; b) 

macromolecules, such as proteins and polyelectrolytes; c) solid particles which 

are partly wetted by both phases.

It is known that o f the identified stabilisers, proteins are a major factor in 

émulsification in biological media. The conformation o f the protein is o f  

particular significance (Graham and Phillips, 1976). A disordered, flexible 

protein o f comparatively high hydrophobicity such as p-casein is highly surface 

active and causes stable emulsions. Globular, rigid, tertiary proteins such as 

lysozyme have a lower hydrophobicity and the formed emulsions are less stable 

and easier to break.

The use o f  ultrafiltration on fermentation broth from a mycelial organism has the 

effect o f  reducing the level o f émulsification to that o f distilled water (Lennie et 

al, 1990). This effect is not seen in cases where macromolecules are not 

removed and stable emulsions tend to form. The macromolecules expected to 

form the emulsions are suspected to be proteins and their removal has the effect 

o f dramatically reducing emulsion tendency. Surfactants such as cetyl 

pyridinium bromide (CPB), and sodium dodecyl sulphate (SDS) among others, 

have been shown to destabilise the emulsions formed when used at a critical 

concentration. Below this concentration insufficient surfactant is present, above
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this concentration the surfactants are suspected to have their own ability to form 

emulsions.

A major consideration in the selection o f a suitable solvent for use in extraction 

is the partition coefficient o f the desired product. This is determined by the ratio 

o f the product molecule concentration in the extract stream (ya) over the rafinate 

stream (xa) (equation 6.1). In many bioconversions, including Baeyer-Villiger 

oxidations, the product molecule is relatively hydrophilic and therefore the 

partition coefficient tends to be low. As a consequence a large volume o f  solvent 

is required to extract the product molecule. This leads to large volume process 

streams and potentially large product loss from emulsion formation. Novel 

extraction techniques must be developed in order to utilise smaller volumes o f  

solvent and emulsion tendency must be studied.

K  = —^  X. [6.1]

For use in a bioconversion process the most suitable application would be that o f  

liquid-liquid continuous extraction. This process is described below and contains 

no working parts or complex equipment that may become fouled/blocked by 

particles or the formation o f emulsions. The operation o f the system is relatively 

simple and easily adaptable to applications with different feed broth composition 

and low solvent partition coefficients.
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Condenser

Re-boil vessel 
(Solvent)

Extraction
column
(Broth)

Figure 6.1 Schematic representation o f the extraction process using a 
continuous liquid-liquid extractor (A more detailed diagram o f the process 
equipment is given in Appendix 2).

The extraction process used throughout these studies is shown in Figure 6.1. 

Extraction begins by loading the extraction column with the broth to be 

extracted. Fresh solvent o f  lower density is then added to the re-boil vessel. The 

solvent is heated so that it continues to boil gently and vapour passes into the 

condenser. Here it condenses and enters the bottom o f the extraction column 

where it permeates up through the broth. The solvent now contains product 

extracted from the broth by diffusion as the bubbles rise. Solvent is collected 

from the top o f the extraction colunrn and returned to the re-boil vessel. It is 

subsequently re-boiled and passes back up the column as fresh solvent. As the 

boiling point o f the extracted product is higher than that o f the solvent the 

product remains within the re-boil vessel. Therefore over time this continual 

process results in the slow build up in concentration o f product. Once the
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extraction is completed, the product has been concentrated into the solvent in the 

re-boil vessel.

This work aims to assess the use o f  a liquid-liquid continuous extraction column 

for the purification o f lactone product from bioconversion broth. The successful 

use o f  this technique was initially established to ensure suitability. It was then 

necessary to assess the running conditions o f the column in order to optimise the 

extraction process. An algorithm was developed in order to understand and 

interpret variation in the physical operating parameters o f  the column (flowrate 

o f solvent around the system, distribution coefficient o f product). The effects o f  

various primary recovery techniques on the rate o f extraction and émulsification 

potential were assessed to establish the optimum column operating conditions. 

The effects o f  the various process option routes as shown in Figure 6.2 were also 

assessed.

a)

Bioconversion Continuous Liquid-Liquid 
Extraction

b)

PrimaryBioconversion Continuous Liquid-Liquid 
Extraction

Figure 6.2 The process flowsheet showing the sequence o f  events for product 
recovery and concentration using continuous liquid-liquid extraction and the 
routes that will be taken for analysis on the efficiency o f  the process.
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6.2 Materials and Methods

6.2.1 Batch extraction

The extraction o f lactone product using a simple stirred tank reactor was 

investigated. The reactor comprised o f a 500 ml Duran® bottle (Sigma-Aldrich, 

Poole, Dorset, UK), fitted with a Rushton turbine at the 100 ml level marked on 

the bottle. The turbine had a diameter o f 24 mm and was fitted with six 

equidistant rectangular paddles 4.2 mm x 7.6 mm. The paddle was agitated at 

225 rpm, which resulted in gentle entrainment o f the upper solvent level into the 

lower sample level.

The sample was spiked with lactone at a concentration o f  2 g l'\ A volume o f  

200 ml o f sample was gently added to the Duran® and 200 ml o f  ethyl acetate 

added to ensure no immediate mixture o f the liquids occurred. As soon as both 

liquids were added, the agitator was switched on. Samples were taken using a 

glass 2 ml syringe fitted with a stainless steel sample needle (Sigma-Aldrich, 

Poole, Dorset, UK). All samples were centrifuged to ensure phase separation 

and sampled by GC using the method described in section 3.2.1.1.

6 .2 .2  The column

The design o f the experimental apparatus is given in Appendix 2. The column 

used throughout these experiments was a continuous liquid-liquid extraction 

column (Aldrich Laboratory Supplies, Poole, Dorset, UK). This was fitted with 

an Inland Revenue cold water condenser (Sigma, Poole, Dorset, UK), on the 

outlet o f  the extraction column. Between the extraction column and the 

condenser a Quickfit® straight vacuum adapter was fitted which both acted to 

channel the condensed solvent down the central tube o f the extractor and allow 

the addition o f sample lines into the column. The side arm o f the extractor 

column was fitted to a Quickfit® 250 ml round bottom flask containing two 

additional attachment ports. These additional ports were used to measure solvent 

temperature and take samples. Anti-bumping granules were added to the solvent
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before heating. Heat was applied to the round bottom flask using a heating 

mantle.

Two sample lines were fitted such that they passed down the sides o f  the column 

and allowed sampling from the solvent and broth phases during the extraction 

run. The sample lines were made o f flexible Teflon® and each was fitted with a 

glass 2 ml syringe (Sigma-Aldrich, Poole, Dorset, UK). A further sample line 

comprising o f a stainless steel needle and syringe was fitted to the round bottom 

flask to allow the product concentration build-up to be monitored.

6 .2 .3  Operation -  Non agitated

Before constructing the colunrn for use it was loaded with 250 ml o f the broth to 

be extracted. All apparatus was then assembled according to section 6.2.2 and 

250 ml o f ethyl acetate added to the round bottom flask using the sample port. 

The condenser was cooled using tap water.

The solvent was boiled rapidly by the use o f  a heating mantle and samples taken 

periodically. On completion o f the experiment final volumes o f  both phases 

were measured and a mass balance completed to verify the results.

Collected samples comprised o f data from the sample broth, freshly extracted 

solvent and solvent boiling pot and were analysed by GC using the method 

described in section 3.2.1 .1 .

6 .2 .4  Operation - Agitated

Before the column was construction an elliptical flea (length 16.2 mm, diameter

6.4 mm) was added to the extraction column with a magnetic stirrer plate placed 

below the extraction vessel. The column was then operated in the same manner 

as section 6.2.2. The flea was stirred either at 600 or at 900 rpm in order to 

promote varying degrees o f entrainment o f the solvent bubbles.
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6.3 Results -  Product extraction

6.3.1 The extraction process

Initial studies were performed to examine the extraction characteristics o f the 

lactone product into ethyl acetate. The partition coefficient for the bicyclo 

ketone substrate and oxabicyclo lactone products was established independently 

at varying concentrations (21 °C), (Appendix 5). Partition coefficients o f 44.4 

and 7.1 for the ketone and lactone respectively were established with no variation 

observed by the presence o f  the components with each other.

Simple stirred tank extraction was tested to establish the characteristics o f the 

lactone product in this mode (Figure 6.3). The extraction o f  the lactone product 

and the influence o f broth matrix compared to RO water were tested. There was 

no significant difference observed between the extraction characteristics o f RO 

water and broth matrix. Extraction was also rapid under the operating 

conditions, reaching equilibrium within 30 minutes. During the extraction 

process a gentle dispersion was observed to form although this rapidly dispersed 

(within 3 minutes), on switching the agitation off. It should be noted that these 

are relatively gentle mixing conditions and operation at increased agitation rates 

will result in emulsion formation. The formed emulsion after agitation at 500 

rpm for the equivalent time period results in a broth emulsion that can not be 

separated by simple gravitation separation.

The extraction profile for the use o f the liquid-liquid continuous extraction 

column is given in Figure 6.4. The column was operated in a standard mode 

with the solvent not being entrained by stirring. After an initial lag period while 

the solvent boiling and recycle equilibrium are established a gentle decline in 

product concentration in the broth is observed. This was compared in the use o f  

both RO water containing product and broth matrix containing product. No 

significant difference in the extraction profile was observed.

Further studies examined the ability to increase the rate o f  extraction. When 

operating the column, extraction occurs by the solvent bubbling through the
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broth. The rate o f extraction is dependent on the residence time o f the bubble 

within the broth and the mass transfer limitations o f the product into the bubble. 

These properties can both be increased by agitation o f  the system. This will act 

to a) entrain the bubbles, increasing residence time; b) break the bubbles 

producing a smaller dispersion and decreased mass transfer limitations due to the 

increased surface area. The increased effects o f this are presented in Figure 6.5. 

In this case, the rate o f extraction is greatly increased by the use o f  agitation 

using a flea placed in the column as described in section 6.2.4. Complete 

extraction can now be achieved in two hours o f operation. This demonstration 

was completed using RO water and therefore no effects o f émulsification were 

observed in the system.
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Figure 6.3 Rate o f extraction for lactone in a batch extraction stirred tank (i 
Water, © Broth), (R^=0.995).
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Figure 6.4 Extraction using the liquid-liquid continuous extraction column 
with no agitation o f  the system (■ Water, •  Broth).
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Figure 6.5 Extraction o f lactone from broth using the liquid-liquid 
continuous extractor in a non agitated and agitated system (■ Non-stirred, 
•  Stirred).
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6 .3 .2  Algorithm developm ent

In order to rapidly assess the operation o f the extraction column it is necessary to 

develop a model that accurately describes the system. The operation o f this 

column is determined by the amount o f product extracted by the solvent over 

time. This value is directly related to the residence time and volume o f the 

solvent within the broth being extracted. Other factors also play a major role 

such as the size o f the droplets. Large drops result in eddy currents as they rise 

through the broth and these promote the mass transfer o f  product into the solvent. 

Reduced bubble size results in an increase in surface area to volume ratio and 

again this may result in increased extraction rate. Further reduction in the bubble 

size results in surface tension becoming the dominant factor and solvent droplets 

act as hard spheres. In this case, no eddy currents exist and this results in 

reduced mass transfer. Modelling o f the mass transfer in these bubbles has 

shown that the optimum size is the smallest bubble that can support eddy current 

activity. This ability and behaviour has been shown to be dependant on the 

solvent and sample characteristics (Young and Korchinsky, 1989), (Qian and 

Wang, 1992).

A residence time model that can be used to assess the operation o f a liquid-liquid 

extractor has been developed (Przybylko et al, 1996). The model has proved to 

be extremely successful in the prediction o f systems in which the partition 

distribution o f  the product into the solvent is near equilibrium (equation 6 .2 ). 

However, systems that have poor mixing, large droplets and shorter residence 

times were unlikely to be accurately described by this model. This is the case 

with the column used without agitation. The model could not be successfully 

applied in this case and was subsequently adapted to describe the conditions 

presented in this system.
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C(t)

C(i)

f

Vo

I n

-  z-

Concentration broth at time t 

Initial concentration 

Flowrate 

Broth volume

Initial lag phase compensator

[6.2] 

t Time

z Mixing coefficient

p Phase volume ratio

D Partition distribution

It was shown that by treating the mixing within the system as ideal, and applying 

a technique whereby the partition distribution into the solvent could be measured 

during the experiment (Dg), it is possible to reduce equation 6.2. Further removal 

o f the term for the lag period made it possible to generate equation 6.3 that 

simply describes the extraction profile o f the product from the broth. This new 

form o f the equation can be easily used to assess the extraction column used in 

this experimentation.

C,„ =c,.exp / D.

O \ \ + D
S  J

[6.3]

The use o f this algorithm to describe accurately the operation o f  the colunrn for 

the extraction from bioconversion media was assessed. Comparison o f the 

experimental results with those predicted from the algorithm for both stirred and 

non-stirred operations were compared (Figure 6 .6 ). The correlation between the 

experimental and predicted results from the measured parameters D and f  were 

deemed as a good prediction o f column and extraction characteristics.

The determination o f the value D for the partition coefficient was made by the 

measurement o f the concentration o f the broth and solvent in the top o f the 

column. This solvent has only just been used in extraction and the concentration 

will determine the deviation from equilibrium. The flowrate o f  solvent around 

the column could be assessed from the rate o f decline o f the product from within 

the broth against time, and the distribution coefficient. An example calculation 

for the flowrate is given in Appendix 3.
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Figure 6 . 6  Comparison o f algorithm generated to describe the extraction 
process and experimental results (Experimental results : ■ Non-stirred, •  Stirred ; 
Predicted results : - Non-stirred, - - Stirred).
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6 .3 .3  P rocess operation

Using the algorithm generated in seetion 6.3.2 it is possible to assess the 

optimum operation o f the eolumn. As can be seen only two operating parameters 

are critical and can be adjusted in the column operation. These are the flowrate 

o f  solvent around the system and the partition distribution o f  the product between 

the leaving solvent and the broth.

The flowrate o f the solvent around the system may be altered by adjusting either 

the heat input to the distillation vessel, the volume o f solvent in the recycle 

vessel or the surface area to volume ratio o f the solvent recycle vessel. Adjusting 

each o f  these parameters will result in an alteration in the distillation rate o f the 

solvent and a potential increase in the recycle rate.

In the same way the partition distribution represents the degree to which the 

solvent concentration leaving the vessel is to the optimum potential for extraction 

represented by the partition coefficient. In a simple extraction run with no 

agitation this may only represent less than 5% o f  the potential for the product. 

This can be dramatically increased by the use o f  agitation to both entrain and 

break up the bubbles o f solvent formed within the broth.

The effects o f altering both o f these parameters and the implications this has on 

product recovery rate may be established using the developed algorithm. In this 

way, Figures 6 . 6  and 6.7 represent the effects o f altered distribution coefficient 

and flowrate respectively. In each case the initial broth concentration and broth 

volume are constant and either the flowrate or distribution coefficient 

respectively are maintained. The varying effect o f the studied parameter on the 

product recovery, calculated from the broth decrease in concentration, are 

displayed against the time for extraction.

151



Product Concentration II -Liquid-Liquid Continuous Extraction

100

•O
CL

40
O)

20050 100 150 250 3000

Time (mins)

Figure 6.7 Effect o f varying distribution coefficient for the product between 
broth and solvent at a fixed flowrate o f 5 mlmin*’ (D = - 0 .1, - 1 , - 4 , -7 ) .
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Figure 6.8 Effect o f flowrate variation on extraction with a fixed distribution 
coefficient o f 7 (f  (mhnin'*) = - 1, - 10, 20, - 30).
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6.4 Results -  Primary recovery effects on extraction

6.4.1 Non agitated extraction

The effects on extraction o f the use o f various process streams was assessed 

using the system with no agitation (Figure 6.9). The rate o f extraction for all 

process streams was the same and primary recovery had no effect on the 

distribution coefficient which was constant at 0.25.

The agitation o f the system by only the solvent rising through the broth was 

gentle enough that no emulsion formation was observed in any o f  the extraction 

runs. Complete extraction o f the lactone product could be achieved in all streams 

if  the system was allowed to continue to run.

6 .4 .2  Agitated extraction

In order to reduce the process time required to extract the lactone product it was 

observed from the algorithm that either agitation o f the system or increased 

solvent flowrate around the system was necessary. As improvement o f the 

flowrate requires the design and construction o f  new apparatus this could not be 

studied, although the effects are expected to be similar to that o f improved 

agitation.

The system was agitated as described in section 6.2,4 at a constant speed (900 

rpm). This was the optimum value at which complete entrainment and breakage 

o f the bubbles as they exit the central tube occurs. At this rate it was possible for 

dispersion to occur. This resulted in the formation o f an emulsion that continued 

to rise up the colunrn until which point it began to flow into the side arm and 

down to the recycle flask. At this point it is necessary to switch o ff the system 

due to eontamination o f the product and alteration o f  the boiling properties o f the 

solvent.
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Figure 6.9 Comparison o f feed solution on the rate o f extraction o f  lactone in 
a non-agitated system ( •  Filtered, ■ Centrifuged, ▲ Resuspended, t  Whole cell).

154



Product Concentration II -Liquid-Liquid Continuous Extraction

The effects o f various process streams on the extraction o f the product are 

presented in Figure 6.10. The use o f agitation in this system results in a greatly 

increased rate o f  extraction as observed in the case o f RO water (see section

6.3.1). No significant difference in the rate o f extraction is observed between the 

various types o f primary recovery applied.

The formation o f an emulsion during the extraction process o f all feed streams 

except that o f ultrafiltration presented a significant problem. As can be seen 

from the extraction profiles (Figure 6.10), all streams, except ultrafiltration, were 

stopped at around 1 hour o f processing. The time at which these streams were 

turned o ff was at the point overflow o f the emulsion into the recycle vessel 

occurred. In the case o f  the ultrafiltered broth no emulsion formation was 

observed and the extraction process could be run to completion. In all cases the 

agitation o f the vessel resulted in an increased distribution coefficient to 5.

An assessment o f the optimum agitation rate to produce product extraction 

without emulsion formation was made using centrifuged extraction broth. The 

optimum stirrer rate was shown to be 600 rpm and this produces an increased 

distribution coefficient to 2. As displayed by the algorithm generated in section 

6.3.2 this increase in coefficient does not produce a significant increase in 

extraction rate compared to agitation at 900 rpm (Figure 6.10). The extraction 

profile is presented in Figure 6.11.
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Figure 6.10 Effect o f  primary recovery on the rate o f  lactone recovery from 
whole cell m edia processed with varying prim ary recovery techniques ( •  
Centrifuged, Filtered: ▲ 0.3 pm , t  0.16 pm, ♦ 10 kD).
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Figure 6.11 Extraction rate possible with the m aximum  rate o f  stirring 
avoiding emulsion fondation (■ control, •  agitated).
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6 .4 .3  R ecovery from resuspended broth

An assessment o f  the reeovery o f product from resuspended bioeonversion broth 

was made (Figure 6.12). In all cases, the system was agitated at 900 rpm. It was 

found that there was no variation in the rate o f  extraction observed for the 

various feed streams. The rate o f  extraction was equivalent to that o f RO water 

extraction with agitation.

As observed in the primary recovery o f  resuspended broth (section 4.3.4), 

clarification levels are relatively low due to particle fines. This resulted in an 

increased émulsification effect observed in the extraction o f all runs, except 

ultrafiltration. Therefore, these runs were all stopped earlier than the equivalent 

runs using whole cell broth. In all eases where ultrafiltration broth was used then 

no émulsification was observed and the extraction could be run to completion.
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Figure 6.12 Extraction profiles for lactone recovery with varying primary 
recovery from re-suspended and homogenised broth ( •  Centrifuged, Filtration @ 
▲ 0.3 pm, T 0.16 pm, ♦  10 kD).
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6 .4 .4  Optimisation of extraction

It has been shown that the use o f ultrafiltration results in no emulsion formation 

during the extraction process. In order to assess the effects o f protein levels on 

émulsification ultrafiltered broth samples were spiked with bovine serum 

albumin (BSA). The results o f this are presented in Figure 6.13. It was observed 

that the addition o f the BSA resulted in no significant increase in émulsification 

and therefore all extraction runs could be run to completion. However, the 

increased presence o f the added protein resulted in a small increase in the rate o f  

extraction.

A comparison o f all extraction runs looking at the effects o f  agitation has been 

made in Table 6.1. This table addresses the implications o f  the different 

operating conditions as described by the effects o f émulsification and agitation. 

The table utilises the algorithm generated in order to predict the time taken for 

90% extraction o f product at given agitation rates and obtained distribution 

coefficients.
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Figure 6.13 Effect o f protein addition on extraction rate o f  lactone with broth 
that has been ultra-filtered ( t  Centrifuged, a  10 kD filtered; Protein spike @  : ■ 
0.2 gi-', •  0.4 gr‘, ♦  0.6 gr').
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Broth

composition

Agitation

(rpm)

Partition

distribution

Time to 

90% 

extraction 

(hours)

ODôvo

Protein

concentration

(g/1)

Fermentation media

Whole cell 0 0.23 9.75 13.3 0.70*

Centrifuged 600 2 2.75 0.048 0.098

Centrifuged 900 5 Emulsion 0.052 0.13

0.3pm filter 900 5 Emulsion 0.184 0.17

0.16p filter 900 5 Emulsion 0.032 0 .1 1

1 Ok filter 900 5 2.25 0 . 0 2 0 0.05

Re-suspended media

Untreated 0 0.27 &58 &899 0.81*

Centrifuged 900 5 Emulsion 0.179 2.42

0.3pm filter 900 5 Emulsion 0.107 1.39

0.16pm filter 900 5 Emulsion 0 . 0 1 2 1.17

1 0 k filter 900 5 2.25 0.007 0.70

Table 6.1 Comparison o f the different types o f  media used in the extraction 

column

* ‘Blinding’ o f the assay occurred due to components present.
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6 .4 .5  Purification

Samples taken from the recycle pot were analysed by GC connected to a mass 

spectrometer (GC:MS).

The chromatograms for all runs produced the same profile with no additional 

contamination produced by additional components. In all cases ketone was not 

recorded in the solvent stream as the bioconversions were operated such that all 

ketone levels were utilised. No ketone was present in all runs o f  the extraction 

column.

The chromatogram for the extraction o f product from a whole cell run is given in 

Figure 6.14. The use o f the whole cell extraction profile represents the worse 

case scenario for product contamination. It is clearly visible that the only 

components present in this run are the lactone products and indole. Indole is 

known to be a by-product in E.coli fermentations and may be carried over into 

the ethyl acetate extracting solvent (see section 5.6.1).

In the chromatogram for the extraction o f product from resuspended 

bioconversion then the only components appear to be the lactone products. On 

closer analysis with GC software it is apparent that small quantities o f indole are 

still present in this broth, although these are greatly reduced (Table 6 .2 ).
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Figure 6.14 The extraction chromatogram for liquid-liquid extraction o f whole 
cell media bioconversion ( la  & lb (-) 1 (S), 5(R) 2-oxabicyclo[3.3.0]oct-6-en-3- 
one, (-) 1 (R), 5(S) 3-oxabicyclo[3.3.0]oct-6-en-2-one, 2. Indole).
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Figure 6.15 The chromatogram for the extraction o f product using liquid- 
liquid continuous extraction and resuspended bioconversion media ( la  & lb  (-) 1 

(S), 5(R) 2-oxabicyclo [3.3.0] oct-6-en-3 -one, (-) 1 (R), 5(S) 3-
oxabicyclo[3.3.0]oct-6-en-2-one).
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A comparison o f the extraction potential from both whole cell media and 

resuspended bio conversions are presented in Table 6.2. Due to the formation o f 

emulsion during these runs then they could not be run to completion. A  

comparison o f  the extraction potential o f  these runs based on the predicted 

extraction from the broth input was made.

Input Output 
Component , , 

(gi-') (gi-')

Extraction from 

input broth into 

solvent (%)

Extraction 

relative to input 

o f component and 

prediction (%)

Whole cell media bioconversion

Lactone 2.92 0.75 26 1 0 0

Indole 0.11 0.02 

Resuspended buffer bioconversion

2 1 1 0 0

Lactone 2.23 0.56 25 1 0 0

Indole 0.01 0 2 0 16

Table 6.2 Extraction o f product and contaminating component using a 

liquid-liquid continuous extraction column.
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6.5 Discussion

6.5.1 Operating the column for optimal extraction

The selection o f a suitable solvent for use in the extraction colunm is based on 

the partition coefficient, boiling point and miscibility with the sample phase. The 

typical solvent o f choice in continuous liquid-liquid extraction systems is 

diehloromethane (DCM). This has a greater density than water resulting in the 

operation o f the column being greatly simplified. The solvent is also widely 

applicable to the extraction o f a range o f solutes due to its hydrophilic nature. 

However, this solvent is relatively toxic and therefore unsuitable for use at scale 

and in processing. It is necessary to select a solvent that is readily available, 

relatively inexpensive and non-toxic for process scale-up. Ethyl acetate was 

chosen as the most suitable solvent based on these parameters, its relatively 

hydrophilic nature and application to a range o f  bioeonversion products that are 

typically soluble in water. The partition o f the lactone product into this solvent is 

low (7.11), however, due to the nature o f  the extraction system used this issue is 

reduced as fresh solvent is always introduced to the broth. This maintains a 

maximum driving force o f the product into the solvent and increases the rate o f  

extraction.

The use o f ethyl acetate in a batch extraction system has been demonstrated. The 

rate o f  mass transfer o f  the product into the solvent was rapid. However, 

complete extraction o f the product in this system can not be achieved, the level 

being determined by the equilibrium characteristics o f the system as displayed by 

the partition coefficient. Extraction in this mode presents the need for a 

relatively large volume o f solvent and several stages o f mixing and separation 

with fresh solvent. Emulsification effects are also a problem and these further 

complicate and affect processing with the need for the introduction o f centrifugal 

separators.
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The application o f  ethyl acetate in the continuous extraction column running in a 

simple operation with no agitation results in effective product extraction. In this 

manner, the product can be extracted completely into a relatively small volume 

o f solvent. This is achieved by the continual introduction o f fresh solvent into 

the extraction process from the recycle pot. The rate o f  extraction in this set-up 

is slow due to the low solvent recycle rate (~5 mlmin'^) with low partition 

coefficient and bubble residence time resulting in a low distribution coefficient 

o f the product.

The rate o f  extraction was dramatically improved by increasing the distribution 

coefficient. This was achieved by introducing agitation into the system and thus 

increasing the residence time and decreasing bubble size within the vessel. In 

this operation complete extraction o f the product could be achieved into a 

reduced volume o f  solvent in a shorter time.

In order to describe the extraction o f components in a continuous liquid-liquid 

extractor a residence time model had been previously derived (Przybylko et al, 

1996). This model allows for accurate prediction o f the extraction process but is 

only applicable when the partition coefficient o f the system is at equilibrium. 

This is not the case when the non-agitated system was applied. Consequently, 

this algorithm could not be used directly to assess the effects o f solvent flow rate 

(rate o f  solvent boiling), and distribution coefficient (agitation rate), in this 

system. It was possible to adapt this model by assuming the system presented 

ideal mixing and developing a technique whereby the distribution coefficient 

within the system could be measured. This resulted in a revised algorithm with 

fewer terms that could accurately be used to assess the effects o f  these 

parameters or fit experimental data if  flow rate and distribution coefficient were 

known.

Using the developed algorithm it was possible to identify the effects o f altering 

operational parameters on the extraction process. This enables rapid assessment 

and optimisation o f the system. It has been shown that increased agitation to 

improve solvent residence time and bubble size reduction, results in a dramatic 

improvement in the product extraction rate o f the system. However, the increase
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in extraction rate is not proportional to the improvement in distribution 

coefficient. A more rapid improvement in the extraction rate is seen with 

variation in the distribution coefficient at low values. As the distribution 

coefficient varies at values near the partition coefficient then the improvement in 

product extraction is less pronounced. Consequently, an increase in agitation 

rate at these values will not produce a significant improvement in extraction. 

This has important consequences when the effects o f émulsification due to the 

degree o f agitation are considered.

Assessment o f the flowrate o f solvent around the system also has implications for 

the product extraction rate. The increase in flowrate o f  solvent around the 

system does not produce a proportional increase in the product extraction rate as 

seen with the distribution coefficient. Once a critical flow rate has been achieved 

then any further increase will not result in a significant improvement in the rate 

of extraction. This has important implications in the design o f an extraction 

column so as to optimise the solvent flowrate.

It is possible to reduce the solvent volume relative to the broth for extraction. In 

these experiments an equal volume o f broth and solvent was utilised in order to 

maintain a constant system. It was demonstrated that in this system a ratio o f 0.4 

solvent to broth volumes can be applied in order to concentrate the product being 

extracted from the broth. This was the minimum solvent volume permissible due 

to the nature o f the equipment and system design. Smaller volumes may be 

achieved by the re-design o f the system hold-up volumes.

6 .5 .2  Selection  of primary recovery

A significant issue in the solvent extraction o f products from biological process 

streams is that o f émulsification. This results in the build up o f a complex that 

can often only be separated by the use o f  mechanical operations. Emulsion 

formation is the result o f the interaction o f biological material causing an 

interface between the two liquid layers. The most prominent species in the

167



Product Concentration II-Liquid-Liquid Continuous Extraction

formation o f emulsions are proteins (Matijevie, 1976), (Graham and Phillips, 

1976), (Lennie et al, 1990), although other factors such as lipids and surfactants 

may also play a role in stabilisation. It was necessary to study the effects o f  

primary recovery to assess whether emulsion formation could be avoided.

Initial studies into the effects o f agitation at 900 rpm on centrifuged broth 

revealed that the build up o f a stable emulsion within the column resulted in the 

need to switch off before complete extraction could be achieved. It has been 

shown that in order to run the column to completion the agitation rate must be 

reduced to 600 rpm. This resulted in only a small increase in distribution 

coefficient to 2. This minor increase does not produce a significant increase in 

the extraction rate o f the column. Operation o f the column at an agitation rate to 

produce a distribution coefficient o f 5 is necessary in order to observe the 

significant improvement in extraction rate.

It was shown that in all cases only the use o f  ultrafiltration produced sufficient 

broth clarity in order to avoid emulsion formation. The use o f  ultrafiltration 

resulted in a significant reduction in the protein content, as measured by the 

Bradford assay, indicating that this is a major factor in the formation o f these 

emulsions. However, in the case o f  both fermentation media and resuspended 

runs then ultrafiltration resulted in no emulsion formation. The protein 

concentration o f the resuspended run was greater than that in centrifuged 

fermentation media. This indicates that either the protein content alone, or only 

specific classes o f protein that are removed by ultrafiltration are responsible for 

the emulsions.

In order to test the role o f protein in émulsification, ultrafiltered broth was spiked 

with bovine serum albumin (BSA), in order to see i f  emulsion formation could be 

induced. In all runs at increasing protein concentration, no emulsion formation 

occurred that resulted in the need to switch o ff the equipment before extraction 

was completed. An emulsion was seen to form at higher protein concentrations. 

This was not stable enough to cause fouling o f the column but may result in the 

slight increase in extraction rate observed due to the induced increase in surface
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area. This presence o f emulsion indicated that protein is responsible for some o f  

the emulsion formation observed.

Surfactants are surface-active molecules and in this way are used to prevent 

foaming. Due to these properties, they themselves may induce emulsion 

formation. It has been shown, for example, that some surfactants at varying 

concentration can be used to both break and form emulsions (Lennie et al, 1990). 

As previously described (see chapter 3), polypropylene glycol (PPG), is used in 

the growth and bioeonversion o f the BVMO system. No correlation between 

PPG levels and emulsion formation was observed. As this molecule is not 

thought to be a good emulsifier, its action in any emulsion formation was not 

studied further.

Apart from the effects o f émulsification, no other significant variation was 

observed in the use o f  various primary recovery techniques. It can be concluded 

that primary recovery had little effect on the extraction process unless operation 

at enhanced extraction rates is required. To achieve these improved rates o f  

extraction the ultrafiltration o f the broth must be applied.

The use o f  a resuspended bioeonversion resulted in a purer resultant product. 

The use o f  the resuspended step acted as a wash for the cells and any indole 

produced during the fermentation step was removed. This resulted in a greatly 

reduced level o f  indole recovery in the resuspended solvent compared to the 

whole cell media broth.
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6.6 Summary

•  Ethyl acetate with a low partition coefficient and lower density than water is 

suitable for the use in extraction o f lactone product from broth.

• A continuous extraction system can produce 99% extraction o f product in a 

reduced volume o f  solvent whereas the batch process is limited by large 

volumes o f solvent and equilibrium kinetics.

• Stirring the extraction column results in an increased residence time and 

reduced solvent bubble size which results in a more rapid extraction process 

(9 hours reduced to 2.25 hours for 90% extraction).

• A non-stirred system presents a distribution coefficient o f 0.25. A  stirred 

system at 900 rpm presents a distribution coefficient o f  5.

• An algorithm can be developed to simply describe the extraction process.

• The algorithm shows that only the improvement o f the distribution 

coefficient to above 4 is necessary for rapid product extraction.

• The algorithm shows that only the improvement o f the flow rate to above 20 

mlmin'^ is necessary for rapid product extraction.

• No significant difference in the rate o f  extraction is observed with the use o f  

varying primary recovery techniques.

• It is necessary to use ultrafiltration in order to improve the clarity o f the broth 

so that complete extraction o f product can be achieved without the formation 

o f an emulsion.
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•  The presence o f  proteins in the feed broth were shown to have an effect on

émulsification although this may not be the sole contributing factor.

• Resuspended bioeonversion results in the washing o f by-products such as

indole before the bioeonversion and therefore their reduced presence and 

carry over in purification.
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7 General Discussion

7.1 Introduction

This chapter aims to discuss the process implications when applying the studied 

techniques o f primary recovery and product concentration to a whole process. 

The work does not aim to describe the actual scale-up and operation o f such a 

system. Instead, it will address the implications o f applying the various 

techniques studied to a whole process up to the point o f product concentration. 

The effects o f  an altered process stream in terms o f catalyst and environment will 

also be discussed. Finally, the application o f these techniques to other 

bioeonversion systems will be considered.

7.2 Scale up

If the studied catalyst recovery and product concentration techniques are to be 

applied successfully in industry then the issues o f scale up must be addressed.

The scale-up o f a packed bed column has been described previously (section

5.1). The simplest and most accurate technique is to use design parameters 

measured on a small lab scale column (Collins, 1967), (Cooney, 1990). The 

increased scale for a new column can then be estimated by calculating the length 

o f equilibrium section (LES), and adding to this the length o f  unused bed (LUB). 

Using this method the mass o f  required resin to extract product from a given 

bioeonversion volume was calculated (Figure 7.1). By applying, the linear 

flowrate o f 0.04 cms"̂  as set out in chapter 5 it was also possible to estimate the 

process time for this operation.

For the product recovery and concentration o f lactone from a 500 m  ̂ volume o f  

bioeonversion media then the volume o f  resin required is 25.6 m .̂ This assumes 

the resin is used only once in a single packed colunm and takes a processing time
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o f  408 hrs (Figure 7.1). However, it has been shown that this resin can be 

recycled without loss in performance (section 5.3.3). A  dramatic improvement in 

resin optimisation can be achieved by both reducing the volume o f resin by 

recycling and reducing time by running multiple columns. In this way it is 

normal in industry to run a series o f columns in parallel with one set being 

loaded while another are eluted and regenerated, thus operating as a continuous 

system.

If this approach is applied to the product recovery process described for 500 m  ̂

o f bioeonversion media it is possible to dramatically reduce the volume and 

process time. For example, the process may be operated as 8 columns with 5 

recycles o f  each, reducing the volume o f bed required to 1/5 o f the original. If 

the columns are then run as two lots o f  four with one loading cycle and one 

elution and regeneration cycle then the processing time may be reduced to 101  

hrs. This produces a greatly improved process in terms o f reduced resin cost and 

processing time.

In this manner the scaling o f the packed bed column can be achieved using the 

operating parameters established in the small-scale experiments performed in 

chapter 5. Issues o f  pressure drop across the column are also important and for 

this reason packed columns are scaled by increasing diameter as opposed to 

length. This presents a further advantage in the operation o f multiple columns 

where shorter lengths can be applied, reducing the potential pressure drop across 

the system.
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Figure 7.1 Scale-up o f the packed bed adsorption using broth containing 
4.5g/l o f product with single use o f the resin (calculated at 1% product 
breakthrough).
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In conventional solvent extraction several types o f  contactor have been identified 

that have been reported as suitable for feeds containing emulsifying components 

(Liddell, 1994):

•  Non-mechanical agitated:

-  Spray column

-  Baffle plate column

-  Packed column

• Mechanically agitated:

-  Raining bucket contactor

-  Rotary film contactor

-  Centrifugal contactor

However, the use o f all o f these systems requires large volumes o f  solvent and 

the use o f an expensive distillation step in order to recover and recycle the 

solvent. The application o f a technique that reduces the volume o f  solvent and 

simplifies distillation is desirable.

In many bioconversions the product molecules tend to be o f a hydrophilic nature. 

This is especially the case in Baeyer-Villiger oxygenation where an oxygen atom 

is inserted into the substrate resulting in a more hydrophilic product. The use o f 

hydrophobic solvents that will form an immiscible layer is limited due to an 

extremely low partitioning o f the product into the solvent phase. This research 

has investigated the use o f an extraction technique that w ill allow continued 

recycling o f  pure solvent and optimise the extraction process by maintaining 

maximum mass transfer rates. Small volumes o f  solvent may be applied making 

the process safer in terms o f large-scale operation. The use o f  reduced volumes 

o f solvents also allows concentration o f  the product during extraction.

The liquid-liquid continuous extraction column has been applied to the 

concentration o f trace organic chemicals from large masses o f  water (Umano et 

al, 1996). The work o f chapter 6  has highlighted that this system may also be 

successfully applied to the product recovery and concentration o f lactones from
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the Baeyer-Villiger monooxygenase reactions. Operation o f the liquid-liquid 

continuous extractor at scale has not been investigated. However, the system has 

been shown to handle crude bioconversion material without the formation o f  

emulsions. Improvement o f extraction times may be achieved by mixing the 

system. The application o f agitation must consider the formation o f  an emulsion 

and level o f primary recovery required.

7.3 Processing options

This work has shown that the extraction and concentration o f lactone products 

from the bioconversion media may be achieved using several process options.

It has been shown that in the application o f packed bed adsorption to the 

recovery o f product then the composition o f  the feed stream has limited effect on 

the adsorption process. The only significant issue is that o f  catalyst removal that 

must be applied in order to avoid column fouling and an increase in the pressure 

drop across the column. The operation o f this concentration step is relatively 

simple as shown in Figure 7.2. The process time displayed represents that for the 

column extraction only at the small scale operated in these experiments 

(processing 400 ml bioconversion broth plus elution step).

The choice o f  catalyst recovery step has no effect on the operation o f  the packed 

bed column. Selection must be made on existing equipment and the requirement 

for the biocatalyst post recovery. For example, continuous centrifugation 

processes present a high shear force in the feed zone that results in the damage 

and rupture o f cells. This may be overcome by the operation o f a filtration step 

that produces higher broth clarity with reduced catalyst damage. The cost and 

performance o f  these processes in catalyst recovery has been studied and in the 

selection o f a new system then the use o f  filtration is favoured for these reasons 

(Meindersma et al, 1997). However, the benefits are not great enough to justify 

the replacement o f an existing centrifugation system to be utilised.
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Figure 7.2 Purification using packed bed adsorption 
* Time excluding primary recovery step.

The selection o f  the optimum process route using the liquid-liquid continuous 

extraction column presents several options. These may be selected depending on 

the time required for processing, overall process costs or equipment available. 

The major advantage to this approach is the ability o f these systems to handle 

particulate in the feed stream.

The simplest process operation is direct extraction from the bioconversion media 

(Figure 7.3, Route A). This process route requires no catalyst recovery in the 

extraction and concentration o f the product. However, due to the rapid formation 

o f emulsion if  agitation o f the system is used, then only gentle mixing can take 

place. Therefore, the process time is long, as the partition distribution o f the 

product into solvent can not be fully exploited. The consideration that no 

catalyst recovery step is used must be taken into account in this process. The 

process option will not be suitable if  biocatalyst recycle is required as cell lysis 

and decay will occur during the extraction.

Process times may be dramatically reduced if  the catalyst is recovered from the 

bioconversion by either centrifugation or microfiltration (Figure 7.3, Route B). 

Once the whole cell catalyst has been removed the extraction process may be 

agitated and thus improve the degree to which the partition coefficient may be 

exploited. The degree o f agitation is still restricted by the formation o f an
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emulsion within the system. The choice o f  catalyst recovery has no influence on 

the rate o f extraction.

The shortest process time for the concentration step is achieved when the 

bioconversion media is ultrafiltered at a 10 kD cut-off (Figure 7.3, Route C). 

This allows the process to be agitated strongly so that the partition coefficient o f  

product into the solvent may be almost fully exploited. In this case, no emulsion 

forms during processing. The cost o f implementing an ultrafiltration system into 

a new process is not significantly different to that for a microfiltration system 

and the benefits in reduced time may be significant (Meindersma et al, 1997).

A
Liquid-Liquid

Continuous
Extraction

Bioconversion

Long process time (8hrs 45mins)

Bioconversion
Centrifugation

or
Microfiltration

Liquid-Liquid
Continuous
Extraction

Reduced process time (2hrs 30mins)"

Bioconversion Ultrafiltration
Liquid-Liquid

Continuous
Extraction

Short process time (Ihr SOmins)*

Figure 7.3 Purification using liquid-liquid continuous extraction 
* Time excluding primary recovery step.
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The Optimum extraction flow sheet for liquid-liquid continuous extraction is the 

use o f ultrafiltration for catalyst recovery. This provides a system that can be run 

with maximum agitation and with no emulsion formation. The catalyst may also 

be easily recycled from this system. The final process selection will depend on 

the equipment available, the overall process and the suitability o f  this technique 

to scale-up.

A consideration to all o f these processing options is how robust they are to 

process changes in the upstream stages. The major consideration for the 

upstream process is that o f catalyst damage during the bioconversion. This will 

result in the production o f fines generated from cell debris, cell strip o ff etc. 

These may have a major impact on the process flow sheet with the requirement 

o f further catalyst recovery in order to avoid column fouling or increased 

emulsion formation and stability.

Studies were performed on all systems in order to assess the impact o f 

resuspended biocatalyst. In this case, the samples were homogenised to produce 

particle fines and a poorly clarified process stream. In all experiments performed 

using these streams, similar process effects were seen as for those used to 

generate the process flow sheets developed. The process operations studied here 

are considered very robust with no significant alteration in the process flow sheet 

required for an alteration in media or particle fines during the upstream process.

An alteration in process options will be seen if  solvents are introduced into the 

bioconversion. In the case o f a two phase system then the product may be 

expected to be present in the solvent phase. Product separation is then achieved 

by decanting the solvent and separating the emulsion by gravitation or physical 

contact. This may then be easily extracted by the use o f distillation or 

evaporation.

However, a miscible solvent may be used in order to improve substrate 

solubility. For example, the presence o f glycerol may improve the solubility o f  

substrate in the model reaction used here (Simpson et al, 2001). The use o f  these 

solvents has been shown to have no effect on either the adsorption process or the
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solvent extraction step and as a result limited effects are expected in these 

situations.

7.4 Alternative extraction techniques

The use o f  packed bed adsorption and continuous liquid-liquid extraction have 

been shown suitable processes in the product concentration o f bioconversion 

media at a small scale. However, as discussed in section 2.3.3 other product 

purification techniques may also be applied to the concentration and purification 

o f lactones.

The use o f silicone membranes in a bioconversion process has been 

demonstrated (Doig et al, 1998a). These membranes are non-porous and 

impermeable to ionic species and macromolecules, but allow the permeation o f  

small hydrophobic molecules. This may be enhanced by the swelling o f the 

membrane with a hydrophobic solvent. The technique was successfully applied 

to the delivery and removal o f substrate and product during a bioconversion. 

Therefore, the technique may be applied to the extraction o f products from the 

bioconversion media post reaction. This would present advantages, as only small 

molecules that can permeate the silicone will be extracted and significant 

purification can be easily achieved.

This technique was attempted for the extraction o f  the lactone product from a 

volume o f bioconversion media using a thin walled silicone tubing (data not 

presented here). The extraction solvent used was water, and therefore only a 

theoretical equilibrium o f -50%  extracted product could be reached. This initial 

test displayed a very low mass transfer rate for product permeation with a 

product recovery o f only 4% over a 16 hr period. It was calculated that although 

a reduction in membrane thickness and an increase in membrane surface area 

may be applied the scale o f  these requirements are not feasible. A greater length 

o f tubing was required to extract the product than can be efficiently submerged in 

the extraction solution.
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The silicone tubing may be swollen by the use o f  a hydrophobic solvent. The 

most suitable solvent for this is ethyl acetate, as the lactone products are less 

soluble in more hydrophobic solvents. The use o f ethyl acetate w ill also increase 

the driving force o f the lactone across the membrane due to the partition 

coefficient. However, the swelling o f the silicone allowed the permeation o f  

ethyl acetate into the broth phase. This results in emulsion formation, a 

reduction in the driving force and reduced product recovery. The use o f  silicone 

membranes in the extraction o f lactone products from Baeyer-Villiger 

monooxygenases was not considered further.

The ability to alter the chemical structure o f  the lactone for product extraction 

was also considered. The normal formation o f lactones produced by chemical 

techniques is an equilibrium process with only the five- and six-membered rings 

producing substantial amounts o f lactone at equilibrium (Streitwieser and 

Heathcock, 1985). In all other cases o f chemical production it is necessary to 

treat the hydroxy acid with acid in order to close the ring and form the lactone 

product. Therefore, the application o f base to the formed product from the 

bioconversion will result in the ring opening o f the lactone to form the hydroxy 

acids. These molecules will be charged and could be extracted and isolated by 

the use o f an anion exchange resin. Once recovered, it would then be possible to 

add acid to the solution and close the ring to re-form lactone product. Some 

product conformation may be lost in performing this extraction.

This approach to product isolation was investigated (Appendix 4), but later 

rejected, as a suitable extraction technique. Firstly, the use o f extremes o f pH 

(pH 12 - pH2) was required to effectively open and close the lactones. This 

resulted in the precipitation o f proteins within the bioconversion media that may 

interfere with the packed bed adsorption onto an ion exchange resin. A  number 

of resins were tested for the extraction process and only poor adsorption was 

observed (~ 0.006 gproductgresin"’). This was much lower than that observed for 

direct physical adsorption in the packed bed adsorption studied. Finally, a 

process flow sheet for the extraction process was drawn up highlighting the 

number o f steps and time involved in operating this step. It was therefore
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considered that this approach was not viable for the effective extraction and 

concentration o f the lactone products.

Therefore, o f the techniques both considered and studied for the extraction o f the 

lactone products from a bioconversion media only the use o f  adsorption resins 

and solvent extraction were viable.
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7.5 Summary

This work has addressed the catalyst recovery and product concentration steps in 

the purification o f lactone products from a Baeyer-Villiger monooxygenase 

bioconversion. It has addressed the possible techniques for the product recovery 

step and highlighted the use o f only packed bed adsorption and continuous 

liquid-liquid extraction as viable options. The conclusions drawn from the 

assessments made on the use o f  the E.coli whole cell catalyst may be generally 

applied to the majority o f whole cell biocatalyst processes.

The study o f catalyst recovery has highlighted the degree o f clarification possible 

using centrifugation and microfiltration. It has been shown that the degree o f  

clarification in the use o f packed bed adsorption is not significant providing 

whole cell biocatalyst is removed. However, in liquid extraction the higher the 

degree o f clarification the more efficient the extraction process. In this case, the 

use o f ultrafiltration (10 kD cut-off), is beneficial in reducing the process time 

and simplifying extraction.

The use o f packed bed adsorption has addressed the implications o f  both catalyst 

conditions (whole cell, homogenised), and the effects o f media (component 

levels and degree o f clarification), on the binding interactions. The only 

significant issues raised by these were the effects o f the presence o f the whole 

cell catalyst and the interactions o f the substrate with the product. No further 

significant interactions were observed. It was also noted that the use o f  

resuspended and homogenised catalyst presented a poorly clarified broth. This 

also presented no significant change in the binding characteristics o f  the resin. 

The pressure drop across the column was reduced significantly due to the particle 

fines generated.

The Amberlite XAD 4 resin chosen for study represents a typical physical 

adsorption resin and has been designed for the extraction o f small organic 

molecules from large aqueous volumes (Supelco, Poole, Dorset, UK), (Umano et
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al, 1996). This resin acts as a good model for the interactions that may occur 

with other resins. A change in the host organism or an alteration in growth 

media is not expected to have a significant effect on the operation or 

breakthrough curve o f the product being separated.

This assumption is backed up by the product concentration o f the lactone 

products from the same bioconversion performed in an alternative host (data not 

presented). The host organism Plasmodium putida  carrying a plasmid for 

CHMO has been developed in order to improve the upstream bioconversion. 

The lactone products from this bioconversion were concentrated operating the 

same set-up as that used to assess E.coli and produced the same results. The 

influence o f the host organism had no significant effect on the packed bed 

column process step.

The use o f liquid-liquid extraction using a solvent with a low partition coefficient 

has been demonstrated. The operation o f the column with no agitation results in 

no émulsification due to the low energy input into the system. No significant 

difference is expected in the operation o f the colunrn with altered host or media 

components. The ability o f liquid-liquid systems to handle particulate content 

indicates that any increase in cell density will also have no effect on the 

extraction process.

It has been demonstrated that the use o f centrifugation and microfiltration will 

reduce the potential for the formation o f emulsions. This allows low agitation in 

order to improve the extraction rate. The use o f ultrafiltration at a 10 kD cut-off 

results in sufficient clarification that no emulsion formation is observed under 

high agitation. This allows the maximum rate o f product recovery to be 

achieved.

The use o f  an alternative host will result in the excretion o f  different surface 

proteins into the media. These may have different émulsification effects 

depending on their composition. It is still expected that the use o f  ultrafiltration 

will produce broth that can be operated with high agitation for extraction. The 

application o f resuspended and homogenised bioconversion media presents a
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worst case scenario containing many cell and cell com ponent fragments. In this 

ease the use o f  ultrafiltration still resulted in a broth that could be extracted at 

high agitation with no emulsion formation. An ultrafiltration step is effieient at 

rem oving the components that will eause the effects o f  ém ulsification in this 

extraction system.

The results generated in this work allow an assessment o f  the suitable 

concentration step in the bioconversion to be made. Using Figure 7.4 it is 

possible to rapidly assess the process options in terms o f the type o f  catalyst 

recovery step used and time taken for a given product concentration operation.

9 -1

7.5 -

•E 4.5

3 -

1.5 -

Non-agitated liquid-liquid continuous extraction

' Packed bed column

Agitated liquid-liquid continuous 
extraction

Untreated Centrifuge 0.3 pm 0.16 pm
Filter Filter

Catalyst purification

lO kD a
Filter

Figure 7.4 Schematic representing the time taken for the concentration step 
for each unit operation against the catalyst rem oval step.
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The use o f these techniques in the product concentration o f different lactone 

products is expected to be similar. The chemical compositions o f  the new 

substrate and product molecules will posses the same functional groups and 

similar interactions either with the solid adsorbent surface or at the solvent 

interface. The alteration o f the host organism for improved upstream production 

is also expected to have limited effect on the process flow sheets described in 

section 7.3. The issues o f  the presence o f substrate at the end o f the 

bioconversion have been shown to be important. In the case o f  packed bed 

adsorption they have a deleterious effect on the efficiency and capacity o f  the 

column. In both cases they will also result in expensive crystallisation, extractive 

distillation or chromatography steps in order to separate the chemicals.

The application o f these techniques to varying substrate and product molecules 

will result in the need for selecting new adsorbent and solvent systems. In this 

manner, the use o f  adsorption as an extraction technique will result in the 

capacity o f  the selected resin for the product molecule. Interactions o f the 

product and process feed stream with the adsorbent surface will then become 

dependant on the surface chemistry o f the physical adsorbent. This is not the 

case in the use o f a continuous liquid-liquid system. The selection o f the solvent 

is based on the boiling point and toxicity. The partition coefficient can be low as 

this system is designed to exploit this parameter. However, the use o f  a high 

boiling point solvent requires a high energy in order recycle the solvent. Also 

the boiling point must be lower than that for the product in order to allow 

collection in the solvent residue flask.

In summary, this project has demonstrated the use o f the catalyst recovery and 

product concentration steps for the recovery o f  lactones from a whole cell 

catalyst. The techniques may be applied to a range o f bioconversion systems and 

display a general process operation that may be used in a range o f  product 

molecules. The process flow sheets described allow for the efficient catalyst 

recovery and product concentration o f the lactone products from a Baeyer- 

Villiger bioconversion.

186



Conclusions

8 Conclusions

• Process flow sheets for a bioconversion are split into three distinct areas; 

Catalyst removal, Concentration and Isolation. The process designed and 

run in this order so as to optimise the extraction process.

• The bioconversion o f (+/-)bicyclo[3.2.0]hept-2-en-6-one to the commercially 

valuable lactone products (-)l(S), 5(R) 2-oxabicyclo[3.3.0]oct-6-en-3-one 

and (-)l(R ), 5(S) 3-oxabicyclo[3.3.0]oct-6-en-2-one may be achieved using 

the recombinant organism Escherichia coli TOP 10, [pQR239] with high ee 

(94 and 99% respectively).

The fermentation and bioconversion steps may be performed in a 

reproducible manner at the 2 1 scale (Working volume 1.5 1), producing 3 gl'̂  

o f lactone product.

The use o f  batch centrifugation results in a highly clarified broth (99.8%), 

and efficient method o f removing the biocatalyst in the case o f whole cell 

fermentation media. When applied to resuspended and homogenised broth 

the clarification is reduced significantly (80.7%). This is due to the presence 

o f particle fines.

The application o f a process scale continuous centrifuge results in a lower 

clarification o f the whole cell fermentation media (97.8%). This is due to the 

high shear forces in the feed zone.

The use o f 0.3 pm filtration as a catalyst removal step results in the lowest 

filtration clarification (98.8%). The application o f this filtration to 

resuspended and homogenised broth results in a higher clarification (8 8 .8 %), 

than that seen for batch centrifugation.
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The use o f 0.16 }im filtration as a catalyst removal step results in the highest 

clarification index o f the microfiltration techniques (99.4%).

The use o f ultrafiltration at the 10 kD cut-off limit resulted in the highest 

level o f clarification o f  all media types.

Protein levels within the supernatant solutions were reduced as the filtration 

size decreased. They were significantly lower in the ultrafiltered broth (0.05 

gf^), than in the other solutions (>0.11 g f ’). Due to the presence o f  fines in 

the resuspended and homogenised broth protein levels were consistently 

higher in these solutions (>0.70 g f ’).

The physical adsorption resin Amberlite XAD 4 is effective in the extraction 

o f the lactone products from the bioconversion media. The adsorption 

isotherm for the products follows Langmuir kinetics with a maximum 

binding capacity ( C a s m )  o f 0.09 gproductgresin'^

Amberlite XAD 4 may be successfully loaded into a packed bed column 

producing a breakthrough curve typical o f favourable adsorption isotherms. 

The process was successfully run at a linear velocity o f  0.04 cm s'\ Elution 

using a reduced volume o f the solvent ethyl acetate was possible (60% o f  

loading volume).

The only significant effect on the breakthrough profile was presented by the 

presence o f the ketone substrate in the feed stream. This resulted in 

competitive binding on the adsorbent surface presenting a reduced capacity 

o f the resin for the lactone product (50% at equal substrate to product ratio).

The only significant effect on the column pressure drop was presented by the 

use o f whole cells directly loaded onto the extraction column. The increase 

in pressure in this instance was significant (1  bar), and resulted in the need 

for a catalyst recovery step in the overall process.
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A continuous liquid-liquid extraction column used for the isolation and 

concentration o f compounds in dilute form from large volumes o f water may 

be successfully applied to bioconversions. The system exploits solvent 

extraction where the partition coefficient o f the product into a solvent is low.

An algorithm has been successfully developed to understand the operation o f  

the system by the alteration o f the two main adjustable process parameters. 

This has highlighted an optimum distribution coefficient for the product into 

the extracting solvent (4), and an optimum flow rate o f  solvent around the 

system (20 mlmin'^). Operation above these limits does not produce a 

significant improvement in the extraction process.

• The rate o f  extraction in the column is dramatically improved by the 

application o f agitation into the system to improve the distribution coefficient 

o f the product into the solvent. This agitation results in the negative effect o f  

émulsification within the system. The émulsification may be overcome by 

the use o f either centrifugation or filtration stages. The higher the stream 

clarification the greater the reduction in emulsion formation with no emulsion 

formed after the use o f  a 10 kD cut-off filter. The operation o f the column is 

a trade-off between catalyst recovery and speed o f product extraction.

• The presence o f  protein within the extraction solution was shown to play a 

significant role in the émulsification effects during extraction, although it was 

not the sole contributor.

• The use o f a resuspended bioconversion results in a purer product elution 

stream in ethyl acetate. This occurs due to the resuspension acting as wash 

for the chemical indole that is produced during the fermentation step.
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A range o f  process flow sheets highlights the need for a catalyst recovery 

technique in the successful and rapid extraction and concentration o f the 

lactone products from the bioconversion media. However, the choice o f  

catalyst recovery technique is not critical and the process economics must be 

taken into consideration in selection o f the overall process.

The techniques o f both catalyst recovery and product concentration studied 

here may be applied directly to other whole cell biocatalysts and lactone 

extraction processes.

The application o f  these techniques to other substrate and product 

bioconversions will require an assessment o f either adsorbent resins or 

solvents depending on the selected concentration step chosen.
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9 Future Work

• The optimum use o f packed bed adsorption using the physical adsorption 

resin Amberlite XAD 4 has been demonstrated. The ability to scale-up this 

technique has been described. It is now necessary to scale up the process to 

confirm the breakthrough process at scale and examine the influence o f  

column pressure drop on the process.

• The proof o f principle o f the application o f  the continuous liquid-liquid 

extraction column has been demonstrated as a potential application in the 

purification and concentration o f the product. However, the scale up issues 

associated with this process have not been studied. It is now necessary to 

assess the scale-up o f this technique for the large-scale application o f the 

process. Processing implications and comparison with a conventional batch 

extraction technique using a large volume o f solvent must also be made.

• The issue o f emulsion formation during the agitated operation o f the 

continuous liquid-liquid extractor results in the need for a very high degree o f  

clarification for efficient product extraction. It has been noted that the use o f  

surfactants may act as demulsifiers (Lennie et al, 1990), (Liddell, 1994). The 

application o f such chemicals, that on their own may cause emulsions, is 

necessary to assess whether they result in a reduction in the emulsion forming 

tendency. This may then result in a reduction in the need for the high degree 

o f process stream clarity required to avoid emulsions.

• The range o f application o f the studied techniques to other processes has been 

discussed. However, there is a need for an in-depth study into the range and 

application o f  these techniques to other bioconversion reactions. An 

assessment o f both the physical adsorption resin application and solvent 

selection properties is required. This will highlight the need to study 

alternative product concentration techniques as well as those studied here and 

applicable to lactones.
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This work has only addressed the application o f  downstream processes to 

whole cell bioconversions. It is necessary to assess the application o f these 

techniques and others to other forms o f application o f  enzymes to biocatalytic 

processes. There is still a need to study the downstream processing from 

immobilised enzymes, crude enzyme extracts and permeabilised cells. It is 

not until these systems are also studied that overall conclusions on the 

downstream processing and tools to whole process selection can be assessed.

This work has not assessed the issues o f product isolation in the overall 

downstream process. The isolation o f these products is achieved by either 

crystallisation, extractive distillation or chromatography. It is necessary to 

assess these techniques and the influence the purity o f product from the 

product concentration step has on the overall product and process quality.

192



References

10 References

FDA's policy statement for the development o f new stereoisomeric drugs (1992) 

http://www.fda.gov/cder/guidance/stereo.htm

Abu-Reesh, IM (1996). Optimal design for CSTR's in series using reversible 

Michaelis-Menten reactions. Bioprocess E n g , 15 , 257-264.

Alberts, B, Bray, D, Lewis, J, Raff, M, Roberts, K, and Watson, JD 1989 . 

Molecular biology o f the cell Garland Publishing, Inc. New York

Alpband, V, Arcbelas, A, and Furstoss, R (1990). Microbiological 

transformations 15: The enantioselective microbiological Baeyer-Villiger 

oxidation o f ALPHA-substituted cyclopentanones. Biocatalysis , 3 , 73- 

83.

Bailey, JE and Gibs, DF 1986 . Biochemical Engineering Fundamentals 2 

McGraw-Hill International Editions. Singapore

Bamfield, A-K, Johansson, H-J, Johansson, S, and Leijon, P (1997). Expanded 

bed adsorption at production scale:Scale-up verification, process example 

and sanitization o f column adsorption. Bioprocess Eng , 16 , 57-63.

Battistel, E, Bianchi, D, Cesti, P, and Pina, C (1991). Enzymatic resolution o f  

(s)-(+)-naproxen in a continuous reactor. Biotechnol Bioeng , 38 , 659- 

664.

Bierau, H, Zhang, Z, and Lyddiatt, A (1999). Direct process integration o f cell 

disruption and fluidised bed adsorption for the recovery o f intracellular 

proteins. J  Chem Technol B io t , 74 , 208-212.

Blumenstein, JJ (1997) . Chiral drugs: Regulatory aspects In: Chirality in

industry II Ed: Collins, AN, Sheldrake, GN, and Crosby, J John Wiley 

and sons, New York

193

http://www.fda.gov/cder/guidance/stereo.htm


References

Bradford, MM (1976), A rapid and sensitive method for the quantification o f 

microgram quantities o f protein utilizing the principle o f protein-dye 

binding. Anal Biochem , 72 , 248-254.

Bruce, LJ and Daugulis, AJ (1991). Solvent selection strategies for extractive 

biocatalysis. Biotechnol P ro g r , 7 , 116-124.

Burton, SG, Cowan, DA, and Woodley, JM (2002). The search for the ideal 

biocatalyst. Nat B iotechnol, 20 , 37-45.

Chase, HA (1994). Purification o f proteins by adsorption chromatography in 

expanded beds. TIB Tech , 12 , 296-303.

Chase, HA and Draeger, NM (1992). Affinity purification o f proteins using 

expanded beds. Journal Chromatogr , 129-145.

Cheetham, PSJ (1993). The use o f biotransformations for the production o f  

flavours and fragrances. TIB Tech , 11 , 478-488.

Chen, BH, Doig, SD, Lye, GJ, and Woodley, JM (2001). Modelling o f the 

Baeyer-Villiger monooxygenase catalysed synthesis o f optically pure 

lactones. Trans IChemE - C , 80 , 51-56.

Chen, G, Kayser, MM, Mihovilovic, MD, Mrstik, MB, Martinez, CA, and 

Stewart, JD (1999). Asymmetric oxidations at sulfur catalyzed by 

engineered strains that overexpress cyclohexanone monooxygenase. New  

/C /zem , 2 3 , 827-832.

Chen, W-J and Martin, CR (1995). Highly methanol-selective membranes for 

the pervaporation separation o f methyl t-buty ether/methanol mixtures. J  

Membrane S c i , 104 , 101-108.

Chen, Y-CJ, Peoples, OP, and Walsh, CT (1988). Acinetobacter cyclohexanone 

monooxygenase: Gene cloning and sequence determination. J  B acterio l, 

170,781-789.

Collins, JJ (1967). The TUB/Equilibrium section concept for fixed-bed 

adsorption. Chem Eng Prog S Ser , 63 , 31-35.

194



References

Conrad, PB and Lee, SS (1998). Two-phase bioconversion product recovery by 

microfiltration 1. Steady state studies. Biotechnol B ioeng , 57 , 631-641.

Cooney, DO (1990). Rapid approximate solutions for adsorption bed 

concentration profile and breakthrough curve behaviour: Favourable 

isotherms and both phase resistances important. Chem Eng Commun , 91 , 

1-9.

Corma, A, Nemeth, LT, Renz, M, and Valencia, S (2001). Sn-zeolite beta as a 

heterogeneous chemoselective catalyst for Baeyer-Villiger oxidations. 

Nature , 412 , 423-425.

Crosby, J (1997) . Introduction In: Chirality in Industry II Ed: Collins, AN, 

Sheldrake, GN, and Crosby, J John Wiley and sons. New York

Cusack, RW, Fremeaux, P, and Glatz, D (1991). A fresh look at liquid-liquid 

extraction. Chem Eng-New York , 98 , 132-138.

De Camp, W. H. (1989). The FDA Perspective on the Development o f  

Stereoisomers. Chirality , 1 , 2 -6 .

Doig, SD, Avenell, PJ, Bird, PA, Koeller, K, Lander, KS, Lye, GJ, Wohlgemuth, 

R, and Woodley, JM (2002). Reactor operation and scale-up o f whole 

cell Baeyer-Villiger catalysed lactone sythesis. Biotechnol Progr , 18 , 

1039-1046.

Doig, SD, Boam, AT, Leak, DI, Livingston, AG, and Stulkey, DC (1998a). A  

membrane bioreactor for biotransformation o f hyhdrophobic molecules. 

Biotechnol Bioeng , 58 , 587-594.

Doig, SD, O'Sullivan, LM, Patel, S, Ward, JM, and Woodley, JM (2001a). Large 

scale production o f cyclohexanone monooxygenase from Eschericia coli 

TOP 10 pQR239. Enzyme Microb Tech , 28 , 265-274.

195



References

Doig, SD, Simpson, H, Alphand, V, Furstoss, R, and Woodley, JM (2001b). 

Characterisation o f a recombinant Escherichia coli TOP 10 [pQR239] 

whole cell biocatalyst for stereoselective Baeyer-Villiger oxidations. 

Enzyme Microb Tech , Submitted.

Donogue, NA, Norris, DB, and Trudgill, PW (1976). The purification and 

properties o f  cyclohexanone oxygenase from Nocardia globerula CLl 

m d  Acinetobacter 9871. Eur J  Biochem , 63 , 175-192.

Doran, PM 1997 . Bioprocess Engineering Principles Second Ed. Academic 

Press. Bath

Drajeske, DS and Pariza, RJ (1999). Custom-Manufacturing in Biocatalysis. 

Chem Eng-New York , 106 , 128-131.

Faber, K, Ottolina, G, and Riva, S (1993). Selectivity enhancement o f  hydrolase 

reactions. Biocatalysis , 8  , 91-132.

Fang, J, Lin, C, Bradshaw, C, and Wong, C (1995). Enzymes in organic 

synthesis. J  Chem Soc Perk Transla , 14 , 489-495.

Fleming, HL (1992). Consider membrane pervaporation. Chem Eng Prog  , 7, 

46-52.

Fox, MA and Whitesell, JK 1997 . Organic chemistry Second . Massachusetts, 

USA

Fredenslund, A, Gmehling, J, and Rasmussen, P 1977 . Vapour-Liquid equilibria 

using UNIFAC - A group contribution method Elsevier scientific 

publishing. Amsterdam

Fredenslund, A, Jones, RL, and Prausnitz, JM (1975). Group contribution 

estimation o f activity coefficients in nonideal liquid mixtures. AIChE J , 

21 , 1086-1099.

Freeman, A, Woodley, JM, and Lilly, MD (1993). In-situ product removal as a 

tool for bioprocessing. Biotechnol, 11 , 1007-1012.

196



References

Gan, Q, Field, RW, Bird, MR, England, R, Howell, JA, McKechnie, MT, and 

O'Shaughnessy, CL (1997). Beer clarification by cross-flow 

microfiltration: Fouling mechnisms and flux enhancement. T I  Chem Eng 

A , I S ,  3-8.

Giri, A, Dhingra, V, Giri, CC, Singh, A, Ward, OP, and Narasu, ML (2001). 

Biotransformations using plant cells, organ cultures and enzyme systems: 

current trends and future. Biotechnol Adv , 19 , 175-199.

Gmehling, J (1998). Present status o f  group-contribution methods for the 

synthesis and design o f chemical processes. Fluid Phase Equilibr , 144 , 

37-47.

Graham, DE and Phillips, MC (1976). The conformation o f  proteins at interfaces 

and their role in stabilizing emulsions In: Theory and Practice o f

Emulsion Technology Ed: Smith, AL Academic press, London

Grogan, G, Roberts, SM, Wan, PWH, and Willetts, A (1993). Camphor-grown 

Pseudomonas putida, A multifunctional biocatalyst for undertaking 

Baeyer-Villiger monooxygenase-dependant biotransformations.

Biotechnol L e t t , 15 , 913-918.

Grogan, G, Roberts, SM, and Willetts, A (1992). Biotransformation by 

microbial Baeyer-Villiger monooxygenases stereoselctive lactone 

formation in vitro by coupled enzyme systems. Biotechnol Lett , 14 , 

1125-1130.

Gutman, AL, Meyer, E, Kelerin, E, Polyak, F, and Sterling, J (1992). Enzymatic 

resolution o f  racemic amines in a continuous reactor in organic solvents. 

Biotechnol Bioeng , 40 , 760-767.

Hatton, TA (1985) . Liquid-liquid extraction o f antibiotics In: Comprehensive 

bio/technology: the principles, application and regulations o f  

bio/technology in industry, agriculture and medicine Ed: Moo-Young, M 

Pergamon, Oxford

197



References

Held, M, Suske, W, Schmid, A, Engesser, K-H, Kohler, H-P, Witholt, B, and 

Wubbolts, MG (1998a). Preparative scale production o f  3-substituted 

catecols using a novel monooxygenase from Pseudomonas azelaica HBP 

1. J  M ol Catal B-Enzym , 5 , 87-93.

Held, M., Schmid, A., Kohler, H-P. E., and Suske, W. (1998b). An Intergrated 

Process for the Production o f Toxic Catechols from Toxic Phenols Based 

on a Designer Bioeatalyst. Biotechnol B ioeng , 62 , 641-648.

Hernandez-Justiz, O, Femandez-Lafuente, R, Terreni, M, and Guisan, JM 

(1998). Use o f aqueous two-phase systems for in situ extraction o f water 

soluble antibiotics during their synthesis by enzymes immobilised on 

porous supports. Biotechnol Bioeng , 59 , 73-79.

Hjorth, R (1997). Expanded-bed adsorption in industrial bioprocessing: recent 

developments. TIB Tech , 15 , 230-235.

Hocks, FWJMM, Kulla, H, and Meyer, HP (1992). Continuous cell-recycle 

process for L-camitine production: performance, engineering and 

downstream processing aspects compared with discontinuous processes. J  

B iotechnol, 22 , 117-128.

Hoeks, FWJMM, Miihle, J, Bohlen, L, and Psenicka, 1 (1996). Process 

integration aspects for the production o f  fine chemicals illustrated with 

the biotransformation o f  y-butyrobetaine into L-camitine. Chem Eng J  , 

61 ,53-61.

Hogan, MC and Woodley, JM (2000). Modelling o f  two enzyme reactions in a 

linked eofactor recycle system for chiral lacone synthesis. Chem Eng S c i , 

55 ,2001-2008.

Iborra, JL, Castellar, MR, Canovas, M, and Manjon, A (1993). Analysis o f a 

paeked-bed reactor for hydrolysis o f picorin by immobilised (3- 

glucosidase. Enzyme Microb Tech , 15 , 780-784.

Jirage, KB and Martin, CR (1999). New developments in membrane-based 

separations. TIB Tech , 17 , 197-200.

198



References

Jones, KL and O'Melia, CRO (2001). Ultrafiltration o f protein and humic 

substances: Effect o f solution chemistry on fouling and flux decline. J  

Membrane S c i , 193 , 163-173.

Kataoka, M, Hirakata, M, Sakamoto, K, Yamada, H, and Shimizu, S (1996). 

Optical resolution o f racemic pantoic acid through microbial 

stereoselective lactonisation in an organic solvent/water twophase system. 

Enzyme Microb Tech , 19 , 307-310.

Kelly, DR (2000). Enatioselective Baeyer-Villiger reactions. Part 1. Chim O g g i , 

33-37.

Kelly, DR, Wan, PWH, and Tang, J (1998) . Flavin Monooxygenases - Uses as 

catalysts for Baeyer-Villiger ring expansion and heteroatom oxidation In: 

Biotechnology: Vol. 8 : Biotransformations Second Ed: Rehm, H-J, 

Taylor, P, Lammle, T, Murphy, D, Booth, T, and Davies, C Wiley VCH, 

Germany

Khosla, C and Harbury, PB (2001). Modular enzymes. Nature , 409 , 247-252.

Klibanov, AM (2001). Improving enzymes by using them in organic solvents. 

Nature , 409 , 241-246.

Koeller, KM and Wong, C-H (2001). Enzymes for chemical synthesis. Nature , 

409 ,232-240.

Konigsberger, K. and Griengl, H. (1994). Microbial Baeyer-Villiger Reaction o f  

Bicyclo[3.2.0]heptan-6-ones - A Novel Approach to Sarkomycin A. 

Bioorganic &. Medicinal Chemistry , 2 , 595-604.

Krings, U and Berger, RG (1995). Porous polymers for fixed bed adsorption o f  

aroma compounds in fermentation processes. Biotechnol Tech , 9 , 19-24.

Krings, U, Kelch, M, and Berger, RG (1993). Adsorbents for the recovery o f  

aroma compounds in fermentation processes. J  Chem Technol B io t , 58 , 

293-299.

199



References

Krow, G (1993). The Baeyer-Villiger oxidation o f ketones and aldehydes. Org 

Reactions , 43 , 251-798.

Kuchner, O and Arnold, FH (1997). Directed evolution o f  enzyme catalysts. TIB 

Tech , 15 , 523-530.

Kwon, IC, Yoo, YJ, Lee, JH, and Hyun, JO (1998). Enhancement o f taxol 

production by in situ recovery o f product. Process Biochem , 33 , 701- 

707.

Lee, C-K (1997). Performance o f a cyclic operated multicolumns recirculated 

packed bed batch reactor for 6  APA production. Bioprocess Eng , 1 6 ,  

237-242.

Lee, C-K and Lin, K-C (1996). N-carbamoy 1-D-P-hydroxyphenylglycine

production using immobilised D-bydantoinase from recombinant E.coli. 

Enzyme Microb Tech , 19 , 623-627.

Lee, SC, Lee, KH, Hyun, GH, and Lee, WK (1997). Continuous extraction o f  

penicillin G by an emulsion liquid membrane in a countercurrent 

extraction column. JM embrane S c i , 124 , 43-51.

Lennie, S, Hailing, PJ, and Bell, G (1990). Causes o f  emulsion formation during 

solvent extraction o f fermentation broths and its reduction by surfactants. 

Biotechnol Bioeng , 35 , 948-950.

Liddell, JM (1994) . Solvent extraction processes for biological products In: 

Engineering processes for bioseparations Ed: Weatberley, LR

Butterwortb-Heinemann Ltd., Oxford

Liebeton, K, Zonta, A, Scbimossek, K, Nardini, M, Lang, D, Dijkstra, BW, 

Reetz, MX, and Jaeger, KE (2000). Directed evolution o f an 

enantioselective lipase. Chem B io l , 7 , 709-718.

Liese, A and Filbo, MV (1999). Production o f fine chemicals using biocatalysis. 

Curr Opin Biotech , 10 , 595-603.

200



References

Lilly, MD (1982). Two-liquid-phase biocatalytic reactors. J  Chem Technol B io t , 

32 , 162-169.

Lilly, MD, Harbron, S, and Narendranathan, TJ (1987). Two-liquid-phase 

biocatalytic reactors. Method Enzym ol, 136 , 138-149.

Lilly, MD and Woodley, JM (1996). A structured approach to design and 

operation o f biotransformation processes. JIn d  M icrob io l, 17 , 24-29.

Lin, SS, Miyawaki, O, and Nakamura, K (1999). Continuous production o f  L- 

Camitine with NADH regeneration by a nano filtration membrane reactor 

with coimmobilized L-camitine dehydrogenase and glucose 

dehydrogenase. JB iosci B ioeng , 87 , 361-364.

Lye, GJ and Woodley, JM (1999). Application o f in situ product-removal 

techniques to biocatalytic processes. TIB Tech , 17 , 395-402.

Malcata, FX (1995). Cost minimisation in the predesign o f an enzymatic 

CSTR:an overall approach. Bioprocess Eng , 43 , 51-55.

Margolin, AL (1993). Enzymes in the synthesis o f chiral drugs. Enzyme Microb 

Tech , 15 , 266-280.

Mathys, RG, Heinzelmann, W, and Witholt, B (1997). Separation o f higher 

molecular weight organic compounds by pervaporation. Chem Eng J , 67 

, 191-197.

Mathys, RG, Kut, OM, and Witholt, B (1998). Alkanol removal from the apolar 

phase o f a two-liquid phase bioconversion system. Part 1 [Comparison o f  

a less volatile and a more volatile in-situ extraction solvent for the 

separation o f 1-octanol by distillation. J  Chem Technol Biot , 71 , 315- 

325.

Matijevic, E 1976 . Surface and Colloid Science Wiley. New York

May, O, Nguyen, FT, and Arnold, FH (2000). Inverting enantioselectivity by 

directed evolution o f hydantoinase for improved production o f L- 

methionine. Nat B iotechnol, 18 , 317-320.

201



References

Mazzini, C, Lebreton, J, and Furstoss, R (1996). Flavin-catalyzed Baeyer- 

Villiger reaction o f ketones: Oxidation o f cyclobutanones to y lactones 

using hydrogen peroxide. J  Org Chem , 61 , 8-9.

Mazzini, C, Lebreton, J, and Furstoss, R (1997). Electron deficient flavin as 

catalyst for Baeyer-Villiger reaction: Oxidation o f  cyclobutanones to y- 

lactones using hydrogen peroxide. Heterocycles , 45 , 1161-1167.

McCabe, WL, Smith, JC, and Harriot, P 1993 . Unit operations o f Chemical 

Engineering 5 McGraw-Hill, Inc. Singapore

McCoy, M (1999). Biocatalysis grows for drug synthesis. Chem Ind - London , 6  

, 10-14.

Meindersma, GW, Augeraud, J, and Vergossen, FHP (1997). Separation o f a 

biocatalyst with ultrafiltration or filtration after bioconversion. J  

Membrane S c i , 125 , 333-349.

Meyer, H-P, Kiener, A, Imwinkelried, R, and Shaw, N  (1997). 

Biotransformations for fine chemical production. CHIMIA , 51 , 287-289.

Mihovilovic, MD, Chen, G, Wang, S, Kyte, B, Rochon, F, Kayser, MM, and 

Stewart, JD (2001). Asymmetric Baeyer-Villiger oxidations o f 4-mono- 

and 4,4-disubstituted cyclohexanones by whole cells o f  engineered 

Escherichia coli. J  Org Chem , 6 6  , 733-738.

Molinari, F, Aragozzini, F, and Cabral, IMS (1997). Continuous production o f  

isovaleraldehyde through extractive bioconversion in a hollow-fibre 

membrane bioreactor. Enzyme Microb Tech , 20 , 604-611.

Nobile, S and Deshusses, J (1986). Transport o f  y-butyrobetaine in an 

Agrobacterium  species isolated from soil. J B a c ter io l , 168 , 780-784.

Orlich, B and Schomaker, R (1999). Ultrafiltration o f water/oil microemulsions. 

Chem Eng Technol, 22 , 753-757.

202



References

Phillips, AMF and Romao, C (1999). Synthesis o f  y-bntyrolactones by a Baeyer- 

Villiger oxidation with hydrogen peroxide, catalysed by 

methyltrioxorhenium. Eur J  Org Chem , Short communication , 1767- 

1770.

Priddy, SA, Hanly, TR, and Effler, WT (1999). Separation optimization for the 

recovery o f phenyl ethyl alcohol. Appl Biochem Biotech , 77-79 ,4 7 3 -  

484.

Przybylko, ARM, Thomas, CLP, and Fielden, PR (1996). Residence time model 

for assessing liquid-liquid extraction systems. Anal Chim Acta , 330 , 

229-235.

Qian, Y and Wang, J (1992). Modelling o f mass transfer in extraction columns 

with drop forward-mixing and eoalescence-redispersion. Can J  Chem 

E n g , 70 , 88-96.

Ribeiro, MHL, Prazeres, DMF, Cabral, JMS, and da Fonseca, MMR (1995). 

Adsorption studies for the separation o f L-tryptophan from L-serine and 

indole in a bioconversion medium. Bioprocess Eng , 12 , 95-102.

Rissom, S, Schwarz-Linek, U, Vogel, M, Tishkov, VI, and Kragl, U  (1997). 

Synthesis o f  chiral s-lactones in a two-enzyme system o f cyelohexanone 

mono-oxygenase and formate dehydrogenase with integrated bubble-free 

aeration. Tetrahedron-Asymmetr, 8  , 2523-2526.

Roberts, SM and Turner, NJ (1992). Some recent developments in the use o f  

enzyme catalysed reactions in organic synthesis. J  B iotechnol, 22 , 227- 

243.

Roberts, SM and Wan, PWH (1998). Enzyme-catalysed Baeyer-Villiger 

oxidations. J  M ol Catal B-Enzym , 4 , 111-136.

Roger, CE, Eels, M, and Li, N 1972 . Recent developments in separation science 

2 CRC Press. Ohio

203



References

Rozzell, JD (1999). Commercial scale biocatalysis M yths and realities. 

Bioorgan M ed Chem , 7 , 2253-2261.

Rudd, DF, Powers, GJ, and Sirola, JJ 1973 . Process synthesis Prentice-Hall. 

London

Ryerson, CC, Ballou, DP, and Walsh, CT (1982). Mechanistic studies on 

cyelohexanone oxygenase. Biochemistry , 21 , 2644-2655.

Schmid, A, Dordick, JS, Hauer, B, Kiener, A, Wubbolts, M, and Witholt, B 

(2001). Industrial biocatalysis today and tomorrow. Nature , 409 , 258- 

268.

Schroën, CGPH and Woodley, JM (1997). Membrane separation for 

downstream processing o f aqueous-organic bioconversions. Biotechnol 

Progr , 13 , 276-283.

Schulze, B and Wuhbolts, MG (1999). Biocatalysis for industrial production o f  

fine chemicals. Curr Opin Biotech , 10 , 609-615.

Schiigerl, K (2000). Integrated processing o f  biotechnology products. Biotechnol 

1 8 , 581-599.

Seader, JD and Henly, EJ 1998 . Separation process principles John Wiley and 

Sons. New York

Sheldon, RA (1996). Chirotechnology: Designing economic chiral syntheses. J  

Chem Technol B io t , 67 , 1-14.

Shipston, NF, Lenn, MJ, and Knowles, CJ (1992). Enantioselective whole cell 

and isolated enzyme catalysed Baeyer-Villiger oxidation o f  

bicyclo[3.2.0]hept-2-en-6-one. J  M icrobiol Meth , 15 , 41-52.

Simpson, HD, Alphand, V, and Furstoss, R (2001). Microbial transformations 

49. Asymmetric biocatalysed Baeyer-Villiger oxidation: Improvement 

using a recombinant Escherichia coli whole cell biocatalyst in the 

presence o f an adsorbent resin. J  M ol Catal B-Enzym , 653 , 1-8.

204



References

Song, L (1998). Flux decline in crossflow microfiltration and ultrafiltration: 

Mechanisms and modelling o f membrane fouling. J  Membrane S c i , 139 , 

183-200.

Stewart, JD (1998). Cyelohexanone monooxygenase: A  use reagent for 

asymmetric Baeyer-Villiger reactions. Curr Org Chem , 2 , 195-216.

Stewart, JD, Reed, KW, and Kayser, MM (1996). Designer yeast': a new 

reagent for enantioselective Baeyer-Viliger oxidations. J  Chem Soc Perk 

Transla , 1 , 755-757.

Stinson, SC (1998). Counting on chiral drugs. Chem Eng-New York , 76 , 83- 

104.

Streitwieser, JR and Heathcoek, CH 1985 . Introduction to Organic Chemistry 

3rd MacMillan Publishing Company. London

Strukul, G (1998). Transition metal catalysis in the Baeyer-Villiger oxidation o f  

ketones. Angew Chem Int Ed  , 37 , 1198-1209.

Szabo, C (1992). Emulsion stability and démulsification during the direct 

extraction o f  penicillin broth. Biotechnol Bioeng , 40 , 247-251.

Tawaki, S and Klibanov, AM (1993). Chemoseleetivity o f  enzymes in 

anhydrous media is strongly solvent dependant. Biocatalysis , 8 , 3 - 1 9 .

Tchorbanov, B and Iliev, I (1993). Limited enzymatic hydrolysis o f  casein in the 

presence o f ethanol. Enzyme Microb Tech , 15 , 974-978.

Tramper, J (1996). Chemical versus biochemical conversion: When and how to 

use biocatalysis. Biotechnol Bioeng , 52 , 290-295.

Trudgill, PW (1990). Cyelohexanone 1,2-monooxygenase from Acinetobacter 

NCIMB 9871. Method Enzym ol, 188 , 70-77.

Ulbrieht, M and Schwarz, H-H (1997). Novel high performance photo-graft 

composite membranes for separation o f  organic liquids by pervaporation. 

J  Membrane S c i , 136 , 25-33.

205



References

Umano, K, Reece, CA, and Shibamoto, T (1996). Recovery o f  traee organic 

chemicals from a large mass o f water using a newly developed liquid- 

liquid continuous extractor. B Environ Contam Tax , 56 , 558-565.

van der Sehaft, PH, ter Burg, N, van den Bosch, S, and Cohen, AM (1992). Fed- 

bateh production o f 2-heptanone by Fusarium poae. Appl M icrobiol B io t , 

36,709-711.

van der W iden, LAM and Rudolph, ESJ (1999). On the generalisation o f 

thermodynamic properties for selection o f bioseparation processes. J  

Chem Technol B io t , 74 , 275-283.

van Sonsbeck, HM, Beeftink, HH, and Tramper, J (1993). Two-liquid-phase 

bioreaetors. Enzyme Microb Tech , 15 , 722-729.

Vieenzi, JT, Zmijewski, MJ, Reinhard, MR, Landen, BE, Muth, WL, and Marier, 

PG (1997). Large-scale stereoselective enzymatic ketone reduction with 

in situ product removal via polymeric adsorbent resins. Enzyme Microb 

Tech , 20 , 494-499.

Walsh, CT and Chen, Y-CJ (1988). Enzymatic Baeyer-Villiger oxidations by 

flavin-dependant monooxygenases. Angew Chem Int Ed E n g l , 27 , 333- 

343.

Walsh, CT and Latham, J (1986). Mechanism based inactivation o f the 

flavoprotein cyelohexanone monooxygenase by S-oxygenation. J  Protein 

Chem , 5 , 79-87.

Wheelright, SM 1991 . Protein purification, design and scale up o f  downstream 

processing Wiley-Interseienee. New York

Willetts, A (1997). Structural studies and synthetic applications o f Baeyer- 

Villiger monooxygenases. TIB Tech , 15 , 55-62.

Wilson, E (2001). 'Lean and Green' Tin catalyst takes the waste out o f  Baeyer- 

Villiger reactions. C & E N , 79 , 14-14.

206



References

Woodley, JM, Brazier, AJ, and Lilly, MD (1991). Lewis cell studies to 

determine reactor design data for two-liquid-phase bacterial and 

enzymatic reactions. Biotechnol Bioeng , 3 7 ,  133-140.

Woodley, JM and Lilly, MD (1994) . Biotransformation reactor selection and 

operation In: Applied Biocatalysis Ed: Cabral, JMS, Tramper, J, Best, 

D, and Boross, L Harwood Academic Publications, Reading

York, MK, Baron, EJ, Clarridge, JE, Thomson, RB, and Weinstein, MP (2000). 

Multilaboratory validation o f rapid spot tests for identification o f  

Escherichia coli. J  Clin M icrobio l, 38 , 3394-3398.

Young, CH and Korchinsky, WJ (1989). Modelling drop-side mass transfer in 

agitated polydispersed liquid-liquid systems. Chem Eng Sci , 44 , 2355- 

2361.

Zambianchi, F, Pasta, P, Ottolina, G, Carrea, G, Colonna, S, Gaggero, N, and 

Ward, JM (2000). Effect o f  substrate concentration on the 

enantioselectivity o f cyelohexanone monooxygenase from Acinetobacter 

calcoaceticus and its rationalization. Tetrahedron-Asymmetr , 11 , 3653- 

3657.

Zhang, S, Hiaki, T, Hongo, M, and Kojima, K (1998). Prediction o f infinite 

dilution activity coefficients in aqueous solutions by group contribution 

models. A critical evaluation. Fluid Phase Equilibr , 144 , 97-112.

207



Appendices

Appendix 1

Resin characteristics and performance data fo r  packed bed adsorption.

The adsoiptioii isothem is for the resin Am bersorb 572 and Activated Carbon 

were established for comparison with Am berlite XAD 4 (see section 5.3.2).
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Figure A .l The Langm uir adsorption isotherm for Am bersorb 572.
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Figure A.2 Langm uir isothemi plot for Am bersorb 572 (Casm=0.12, kA=200, 
R^=0.980).
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Figure A .3 Langm uir adsorption isothemi for Activated Carbon.
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Figure A.4 Langm uir isotherm plot for Activated Carbon (Casm=0.0998, 
kA=21, R^=0.979).

209



Appendices

The resin recycle characteristics o f  Am berlite XAD 4 are important if  the column 

is to be used for more than one extraction. It has been shown that with column 

washes used between resin application no reduction in resin perfonnance is 

observed (section 5.3.3). If  no column washing is performed then a reduction in 

resin capacity is observed on subsequent applications. Figure A .5 represents the 

required increase in resin mass required in order to m aintain equivalent 

extraction o f  a given concentration o f  product.

c 100

O)

0)Q. T - LO LO
d  ^  d

II
11

a A

II  IILT .J

d
l O L O L O O J C N J ' ^ C D O O O o

T- T- Co
O

IVbss(g)

Figure A .5 Recycle potential for resin i f  colum n not washed before re-use, 
resin used for four recycles in batch mode.
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In the operation o f the packed bed column it is important to understand the 

influence o f  both flow rate and product concentration on the breakthrough 

profile. It would be expected that with an increase in volumetric flow rate a 

subsequent reduction in contact time and decrease in mass transfer would occur. 

This is reflected in Figure A .6  where a comparison o f varying the flow rate from 

that used in the experiments was tested. It is observed that as the flow rate is 

increased the width o f the breakthrough profile, and therefore the LUB, increases 

dramatically reducing the efficiency o f the use o f  the resin.

1.2
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0.8

0.6

0.4
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0.0
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Figure A .6  Caparison o f the effect o f flowrate on breakthrough profile (■ 
Imlmm ‘ (R^=0.992), •  2 mlmin' (R^=0.994), ▲ 3 m lm in' (R^=0.993), t  6  

mimm' (R^=0.991)).
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The effect o f product concentration on the breakthrough curve would not be 

expected to alter the shape o f the profile as observed in Figure A .6 . Instead, as 

the concentration decreases an increase in the time before breakthrough would be 

expected. This is observed in Figure A.7 where as the product concentration 

increases so the time to breakthrough increases as the resin reaches capacity.

o
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0.4

0,2

0.0
0 10 20 30 40 50 60

Colum n volum es

Figure A.7 Comparison o f product concentration on the breakthrough profile 
( *0 .8 2  (R^=0.996), #  2.42 (R^=0.993), a  6.27 (R^=0.994)).
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As the flow rate to the packed bed column is increased it would be expected that 

the pressure across the column will also increase. This leads to a negative effect 

on column operation because o f  resin compression and increased mechanical 

damage on column and pumping equipment. A pressure increase across the 

packed bed column was observed as shown in figure A. 8 .
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Figure A. 8 Effect o f flow rate on the column pressure.

The operation o f the column at an increased flow rate is undesirable due to 

increase pressure on the operation equipment as well as a reduction in 

breakthrough profile as shown in figure A.6 .
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Appendix 2

The continuous liquid-liquid extraction column.

Water in

fTTTi----------- ► Water out

B Heat

Pure Ethyl Acetate (Liquid)
Pure Ethyl Acetate (Vapour) 
Ethyl Acetate containing Product

In order to increase 
efficiency a flea was 
placed at position A 
and a m agnetic stirrer 
at position B (to 
increase partition 
coefficient).

Figure A .9 The continuous liquid-liquid extraction equipm ent set up for 
removal o f  lactone from bioconversion broth.
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Appendix 3

Calculation o f  solvent flow  rate around the continuous liquid-liquid extraction 

column.

Solvent flow rate around the column was calculated using the rate o f  

accumulation o f product in the recycle pot. A number o f assumptions were made 

in this calculation:

• Provided solvent and sample volumes, heat input to the solvent vessel and 

environmental conditions are constant, the flow rate will remain constant.

• During the initial stages o f extraction, the accumulation o f  lactone is linear.

Sample calculation:

0.5

0.4

0.3

O)

^ 0.2

0.0
0 10 20 5030 40

Time (mln)

Figure A. 10 Plot o f lactone accumilation in the recycle reservoir against time 
during the initial extraction process (y=0.0084x, R^=0.999).
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Column characteristics:

Volume o f recycle pot (ml) = 190
Volume o f solvent at top o f column (ml) = 60

Sample characteristics:

Initial broth concentration (gf^) = 4.25
Distribution coefficient (measured) = 0.36
Rate o f  mass accumulation in recycle
pot (from Figure A.9)(gmin'^) = 0.0084

Concentration in solvent at top o f column (g f ’) = 1.53

Mass o f lactone in solvent (g) = 0.0918

Mass o f lactone per ml solvent (g) = 0.00153

Flow rate around the column can subsequently be calculated from:

Flow rate = Rate o f mass accumulation in recvcle pot
Mass o f lactone per ml solvent [A. 1 ]

Flow rate o f  solvent (mlmin"^) = 5.49
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Appendix 4

Chemical extraction technique fo r  lactone recovery and concentration.

Chemical conversion o f the lactone was studied as a product recovery technique. 

The hydroxy acid form o f the lactone product normally undergoes intramolecular 

estérification to form the appropriate lactones. This is an equilibrium process 

and only in cases o f five- and six-membered rings is there a substantial amount 

o f lactone present under equilibrium conditions (Streitwieser and Heathcoek, 

1985). It may therefore be possible to open and close the lactone ring by altering 

the pH o f the solution (Figure A. 11). This may allow simple extraction o f  the 

hydroxy acid in pure form via an ion exchange resin.
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(-) 1(S),5(R) 2-oxabicycIo[3.3.0]oct-6-en-3-one (-) 1(R),5(S) 3-oxabicyclo[3.3.0]oct-6-en-2-one

pH2 pH11

H
OH

COOH

H

H
COOH 
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H

c/5 -2 -hydoxycyclopentaneacetic acid cw-5-ethyl cyclopentanoic acid

Figure A .l 1 The conversion o f the lactone products into the hydroxy acid 
using an alteration in pH o f the media.
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In order to test the ring opening o f the lactone products into the hydroxy acid 

forms, and the subsequent ring closure the effects o f  altering pH were studied 

(Figure A. 12). Several identical samples o f  bioconversion lactone product in 

centrifuged media were adjusted to varying pH levels and left overnight. 

Samples were measured and the solution returned to pH 7 and left for a further 

12 hours. On sampling, no return o f the product was observed. Samples were 

adjusted to pH 2 and left for a further 12 hours. Complete recovery o f the 

product concentration in all cases was observed. This demonstrates the principle 

o f ring opening and closing the lactone.

O) 0.6

0.2

0.0
6 8 10 12 14

Base pH level used

Figure A. 12 Concentration o f lactone present in the broth for five samples 
taken and adjusted to the pH level represented on the x-axis (♦ x-axis sample 
concentration, ■ adjusted to pH 7, a  adjusted to pH 2).
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It was necessary to assess the time taken for the complete ring opening and 

closing o f the lactone products (Figure A. 13). A sample o f bioconversion media 

containing the lactone products was used. It was shown that greater than 8 hours 

was required to open the ring while only 2  hours was required to close the ring.
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Figure A. 13 Mass o f lactone present in the broth against time for the extremes 
o f pH level ( ♦ pH 11, ■ pH 2).

A process flowsheet was proposed to describe the extraction process highlighting 

the pH adjustment and time taken to run the process (Figure A. 14).
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Stir for 7 hours

Stir for 3 hours

Addition o f 5M H3 PO.

Addition o f 5M H3 PO,

Addition o f 5M NaOH

Loading onto Anion 
exchange column

Elution from Anion exchange 
column

Elution salt solution 
pH 2

Product status: Lactone

Bioconversion broth 
>pH 11 

Product status: Lactone

Bioconversion broth 
pH 7

Product status: Lactone

Bioconversion broth 
pH 7

Product status: Hydroxy 
Acid

Bioconversion broth 
>pH 11 

Product status: Hydroxy 
Acid

Elution salt solution 
pH 2

Product status: Hydroxy 
Acid

Figure A. 14 Proposed action required for the chemical alteration o f product 
and subsequent extraction by packed bed adsorption.
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A range o f  anionic exchange resins were tested in order to examine the 

adsorption potential o f  the resin for the hydroxy acid (Figure A. 15). In all cases 

2 g o f  test resin was mixed with 15 ml o f sample (lactone concentration 2 g f ') ,  

with the batch adsorption operated as per the proposed flowsheet (Figure A. 14). 

It was shown that binding o f hydroxy acid was low (less than 40%  in the best 

case), and this was not a suitable process option for the extraction o f  lactone 

product from the bioconversion media.
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Figure A. 15 Percentage o f extraction for ketone and lactone using different 
anionic resins from a bioconversion media ( ■ Ketone, ■ Lactone).
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Appendix 5

Calibration curves and partition coefficients.
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Figure A. 16 Calibration curve for the growth o f E.coli measured using a 
spectrograph (y=0.522x, R^=0.999).
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Figure A. 17 Calibration curve for bovine serum albumin dissolved in water
(y=0.094+1.758x, R =0.998).
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Figure A. 18 Calibration curve for ketone in ethyl acetate measured using the 
gas chromatograph (y=2.89xl0^x, R^>0.99).
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Figure A. 19 Calibration curve for lactone in ethyl acetate measured using the 
gas chromatograph (y=2.59xl0^x, R^=0.999).
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Figure A.20 Partition coefficient for ketone between ethyl acetate and
fermentation broth (y=44.43x) (R =0.998).
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Figure A .21 Partition coefficient for lactone between ethyl acetate and
fermentation broth (y=7.1 Ix) (R =0.997).
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Appendix 6

Gas Chromatogram fo r  all detectable contaminants.

In order to examine all possible contaminants from the extraction processes 

studied a packed bed column using each o f the three resins was operated to 

extract lactone product. The columns were eluted and sampled by gas 

chromatogram using the method described in section 3.2.1. Figure A.22 

represents the elution sample from Activated Carbon that presented the most 

peaks on gas chromatogram analysis. The peaks were identified using gas 

chromatography linked to a mass spectrograph and validated with pure identified 

compounds where available.

5a5b

Figure A.22 Chromatogram for gas chromatography analysis o f  the output 
from extraction in ethyl acetate.
(1. Lipid remnants from whole cell, 2. Bicyclo[3.2.0]hept-2-en-6-one, 3. 6-endo 
[3.2.0]hept-2-en-6-ol, 4. Bicyclo[3.2.0]hept-2-en-6-one, 7-chloro-, 5a & 5b, (-) 1 
(S), 5(R) 2-oxabicyclo[3.3.0]oct-6-en-3-one, (-) 1(R), 5(S) 3-
oxabicyclo[3.3.0]oct-6-en-2-one, 6 . Indole)
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Appendix 7

Manufacturer and Supplier addresses

Aldrich Laboratory Supplies 
Sigma-Aldrich Company Ltd.
Fancy Road 
Poole 
Dorset 
BH12 4QH 
UK
www.sigma-aldrich.com

Alltech Associates Inc.
2051 Waukegan Road
Deerfield
IL
USA
WWW. alltechweb .com

Amersham Pharmacia Biotech
23 Grosvenor Road
St. Albans
Herts
A Ll SAW
UK
www.apbiotech.com

APV Eura 
23 Gatwick Road 
Crawley 
West Sussex 
RH10 2JB 
UK

Beckman Coulter
4300 N  Harbour Boulevard
P.O. Box 3100
Fullerton
USA
www.beckmancoulter.com

Fisher Scientific UK 
Bishop Meadow Road 
Loughborough 
Leicestershire 
L E l l  5RG 
UK
www.fisher.co.uk
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Filtron Technology Corporation
50 Bearfoot Road
Northborough
MA 01532
USA

Ismatec UK Ltd.
SBC House 
Restmor Way 
Wallington 
Surrey 
SM6  7AH 
UK

Kendro Laboratory Products Ltd.
Stortford Hall Park
Bishop’s Stortford
Hertfordshire
CM23 SG2
UK

Kontron Instruments 
Blackmoor Lane 
Coxley Business Park 
Watford 
W Dl 8 XG 
UK
www.kontron-bioanalvtical.com

LH Fermentation Ltd.
No longer trading, now sold under: 
Adaptive Biosystems Ltd.
15 Ribocon Way 
Progress Park 
Luton 
LU4 9UR 
UK
www.adaptive.co.uk

MicrocaF^’ Origin®
OriginLab Corporation 
One Roundhouse Plaza 
Northampton, MA 01060 
USA
http://www.microcal.com
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Millipore (UK) Ltd.
Units 3 & 5 The Courtyards
Hatters Lane
Watford
W D l8 8YH
England
www.millipore.com

Perkin Elmer 
761 Main Avenue 
Norwalk 
CT.
USA
www.perkin-elmer.com

Sifam Instruments Ltd.
Woodland Road
Torquay
Devon
TQ2 7AY
UK
www.sifam.com

Sigma-Aldrich Company Ltd.
Fancy Road 
Poole 
Dorset 
BH12 4QH 
UK
www.sigma-aldrich.com

Sanyo
Crawley
Sussex
UK

Supelco: Sigma-Aldrich Company Ltd.
Fancy Road
Poole
Dorset
BH12 4QH
UK
www.sigma-aldrich.com/supelco

Watson-Marlow Ltd.
Falmouth 
Cornwall 
T R l l  4RU  
UK
www.watson-marlow.com/watson-marlow/
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