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ABSTRACT

This study focuses on characterising two features that often complicate the 

selection and design of downstream processes: chromatographic matrix fouling 

and problematic solid-liquid separation steps. The method of frontal analysis 

was used to assess the fouling properties of bioprocess streams. Breakthrough 

curves, measured using this procedure, provide a snapshot of adsorption 

characteristics for chromatography columns. Conducting the analysis for anion 

exchange columns (Q-Sepharose), both before and after exposure to a constant 

volume of potentially fouling process streams, revealed adsorption differences 

linked to fouling. Mathematical modelling studies allowed the calculation of 

mass transfer coefficients and other kinetic parameters, to provide a precise 

delineation of which adsorptive mechanisms are impaired by exposure to the 

process streams of interest. Foulant exposure was shown to significantly reduce 

the number of available adsorption sites in the matrix phase, and to increase the 

external fiuid film resistance to mass transfer. The frontal analysis test is also a 

useful means of rapidly evaluating different process alternatives, from a process 

synthesis perspective. Streams from several alcohol dehydrogenase (ADH) 

purification options were assessed using the method, yielding measurements that 

correlated well with chromatographic performance.

A factorial experiment systematically altered the fouling properties of a bacterial 

cell lysate stream, producing a series of materials that approximated a 

continuous scale of fouling strengths. These streams were analysed for their 

fouling properties and chromatographic performance, reaffirming the strength of 

the correlations observed earlier. The results quantitatively relate the fouling 

measurements to chromatography system design, and provide the basis of a 

predictive model.

A centrifugal clarification index is developed which extends the classical use of 

Sigma theory by graphically depicting the trade-off between performance, 

flowrate and installed separation area. A practical application is described, 

comparing two streams from similar sources: periplasmic extracts from different 

strains of Escherichia coli. An increase in process performance results in very 

different design and cost requirements for the two streams, despite their apparent



similarities. The example demonstrates the utility of the method, identifying 

suspensions that require large amounts of additional separation area to achieve 

only marginal gains in performance. A hierarchical method for bioprocess 

flowsheeting is described, which draws upon this information, in addition to 

other physical property measurements and ultra scale-down tools.
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I forget what I was taught. I only remember what I have learnt.

Patrick White (1912 - 1990)
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1.0 INTRODUCTION

Current trends in biotechnology are increasing the pressure on process designers 

to develop successful bioprocesses over shorter periods. Clinical trial times, 

long regarded as rate limiting, are beginning to shrink (Werner, 1994). 

Advances in combinatorial chemistry and molecular modelling are escalating the 

number of small molecules for screening as potential therapeutics. The 

complete mapping of the human genome will soon intensify the macromolecule 

market, spawning a new wave of recombinant protein and gene-based 

therapeutics. Responding to these pressures, bioprocess engineers are rethinking 

their methods for developing production facilities.

Bioprocess engineers have three tools at their disposal to help transform 

laboratory product isolations into efficient bioprocesses. Heuristics, which 

roughly translate as statements of process experience, enable designers to arrive 

at plausible flowsheets simply Jfrom a commonsense appraisal of the separations 

required. Physical property data is the second tool, revealing possible driving 

forces for separation. The third class of tools includes computer-based models 

and simulations, which allow screening of the alternatives resulting from the 

former two, in order to decide. Synthesis must incorporate qualitative and 

quantitative information, yet more importantly, possess the capacity to arrive at 

sound judgements on the strength of either: allowing precision when it is 

possible, though make sensible judgements when it is not.

The aim of this introductory review is to establish a synthesis framework that 

emphasises process stream characterisation. Knowing how a product differs 

from the accompanying contaminants is at the heart of selecting unit operations 

to separate them, though ensuring that a process physically works; that is, is not 

subject to flow problems, bottlenecks, fouling effects; is particularly important. 

If process designers can gauge a material’s inclination to cause these difficulties, 

then this ought to significantly expedite process synthesis.



1.1 THE COMMERCIAL SIGNIFICANCE OF BIOPROCESS 

SYNTHESIS

Biotechnology products have poor success rates in making the transfer from a 

promising laboratory isolate, through all the clinical trial phases, to eventual 

commercial manufacture. Of all US recombinant product discontinuations 

between 1980 and 1994, 86% occurred in either Phase I or II of clinical trials. A 

further 12% were abandoned in Phase III and 2% were undergoing PLA-NDA 

regulatory review when drawn to a close (Gosse et aL, 1996). Struck (1994) 

reports a more optimistic estimation of 36% progressing from preliminary 

clinical evaluation to market. Industrialists often express some reticence in 

committing resources to early process development, certainly if it entails full 

pilot scale work (Pisano and Wheelwright, 1995). Some effort is inevitable as 

synthesis logically precedes design, and no company can afford to allow a 

product to emerge with an uncompetitive process, given that patent lives are 

short and the threat posed by generic drug manufacturing is significant.

Pisano and Wheelwright (1995) investigated the pharmaceutical industry’s 

attitudes to process R&D investment. Four key practices emerged. The first 

indicated that reasonable certainty of commercial approval must precede any 

significant expenditure. Secondly, that process R&D be kept off the critical path 

for product launch. The chief reason for this is that a precise project time line is 

very difficult to produce and adhere to. As an example, one may initially plan to 

invest three months in chromatography development, however, if unsuccessful, 

there is no option but to grant an extension, because unless the issue is resolved, 

there is still no process. Third, the primary responsibility of the 

manufacturing/process engineering team was identified as ensuring smooth 

ramp-up in response to increased demand. Lastly, investments in improvement 

were only forthcoming late in the patent life, as a rearguard action against 

generic competition. This advice amounts to not wasting resources on a product 

which may yet earn nothing, not running out of something that can be sold at an 

attractive margin, and maximising ones period of market domination.



The desired results from synthesis differ widely with respect to the type and size 

of organisation (Wheelwright, 1991). Small companies usually involve 

themselves with less than three candidate products, and are often only interested 

in developing a process to address their immediate product needs for clinical 

trials. Often their desired position is where they can sell the product onwards to 

a larger company with means of manufacturing it commercially. In contrast, 

large pharmaceutical companies are now interested in screening thousands of 

candidate molecules at a time, seeking that which displays the highest efficacy. 

For a small company, simple laboratory synthesis tests should deliver the most 

appropriate, working process in the available time. For large companies on the 

other hand, the laboratory procedures should be simple enough to become 

automated and even roboticised, allowing them to screen very large numbers of 

products for “processability”; concurrently with clinical efficacy.

1.2 HIERARCHICAL METHODS IN PROCESS SYNTHESIS

1.2.1 The method of Douglas

Wersterberg et al. (1979) defined the necessary stages of synthesis as the process 

of making small changes to an initial flowsheet, guided by a set of rules, coupled 

with some rigorous means of evaluating the new flowsheet against the old. The 

dominant process synthesis method to evolve from this idea is the hierarchical 

decomposition procedure developed by Douglas (1988). A seven-tier hierarchy 

of information guides the designer through progressively increasing levels of 

detail, listed in Table 1.1. An economic evaluation at each level identifies and 

discards unfeasible processes, arriving at a small subset of cost effective 

processes for further analysis.

Each of the decision levels in Table 1.1 is supplemented by a group of heuristic 

rules of thumb to help make decisions. Level 1 aims to resolve the batch versus 

continuous question. To help make this decision, several suggestions are made 

in assistance. For example, if the plant capacity is likely to exceed 5000 t/yr, 

then continuous operation is advised, whereas if annual capacity is less than 500 

t/yr, the process should be batchwise. Furthermore, batchwise operation is 

favoured where product lifetime is less than one or two years, or for seasonal



products. The heuristics also consider operational difficulties like very slow 

reactions, solids handling requirements and the possibility of fouling and 

cleaning cycles, all of which lean towards batchwise operation. Therefore, the 

levels of the Douglas hierarchy are also a means of efficiently organising the 

extensive system of heuristics that have accrued through process engineering 

experience.

Table 1.1: Hierarchical decision procedures proposed by Douglas to facilitate 

chemical process synthesis.

Hierarchical Decision Procedure for Synthesis of 
Chemical Processes

level 0 input information
level 1 batch versus continuous process
level 2 input-output structure o f  a process
level 3 recycle structure o f  the flowsheet
level 4 separation systems

level 4a general structure
level 4b vapour recovery system
level 4c liquid separation system
level 4d solids recovery system

level 5 energy integration
level 6 evaluation o f  process alternatives

Douglas’s starting point is simply a statement of the identity and quantity of the 

required product. The first three levels of decision making define the process in 

its most basic form: identifying raw material and product/byproduct streams and 

specifying whether the process should be operated continuously or batchwise. 

Hermolle (1996) attempted to synthesise a penicillin G process using Douglas’s 

technique with limited success. While a functional process eventually emerged, 

several inconsistencies had to be overcome to yield a practical result. Chief 

among these was difficulty in addressing batchwise operation, so modifications 

were proposed; for example, allowing a fed-batch fermentation front end, 

servicing a continuous downstream sequence.

From Level 3 onward, the method pays increasing attention to process 

efficiency, examining recycle strategies, and making detailed choices about 

separation and recovery systems. At completion of Level 4, the process has still 

only been addressed at the mass balance level. Yet this is usually sufficient to 

understand the amounts and costs of feed and product materials, and to estimate



equipment sizes and their attendant capital and operating costs. The penultimate 

step considers energy integration, which seeks to minimise the amount of 

heating and cooling required from external sources. In more sophisticated

applications using advanced simulators, levels 4 and 5 can be solved

simultaneously. Finally, the surviving flowsheets are evaluated against one 

another and the best option carried forward to production. Modifications and 

extensions of Douglas’s basic approach exist to address other specific synthesis 

applications such as solids processes (Rajagopal et al., 1988), waste

minimisation (Douglas, 1992) and plant retrofitting (Nelson and Douglas, 1990).

Siirola (1996) supplemented this approach with a rigorous appraisal of property 

differences to systematically generate flowsheets. Individual unit operations 

were treated as step transformations, or "opportunistic operations", each bringing 

the feed material properties closer to those of the intended product stream. 

Where Douglas relied on processes having a general framework (Levels 0-3), 

then working inwards to define the “black box” interior detail, Siirola prefers to 

delay defining the sequence until all the required transformations have been 

identified. Therefore, the first result of Siirola’s method is to identify a subset of 

crucial property change operations that must take place somewhere in the 

eventual sequence. These strategic operations may be visualised as “islands” 

that the eventual process must possess, though the sequential connections 

between them are not initially apparent. It is also important at this point to 

identify critical features, implicit in the physical property data, which 

heuristically preclude any process options. Defining the final sequence should 

still observe Douglas’s hierarchy, though now the procedure is informed by the 

recognition of these “strategic” operations. When designing a chemical process, 

Level 4 (Table 1.1) decisions also make good use of physical and chemical data, 

in addition to heuristics, which are predominantly qualitative (Douglas, 1988). 

This is not often possible for biochemical processes, for which much less data 

exists.



1.2.2 Hierarchical organisation for bioprocesses

Bioprocesses observe a hierarchical scheme of their own: primary production, 

cell separation, cell disruption (complete or partial), primary isolation, high- 

resolution purification, polishing and formulation, usually in that order 

(Gandikota, 1992). The process structure can be generalised even further, as 

each separation stage involves a limited set of unit operations (Figure 1.1). This 

general framework could be substituted for the sections listed under Level 4 in 

Douglas’s method (Table 1.1).

Bioprocess design heuristics exist in abundance, especially for protein 

purification strategies (Bowen, 1992; Petrides et al., 1989; Wheelwright, 1989; 

Belter et al., 1988; Bonneijea et al., 1986). The hierarchy suggested in Figure

1.1 is actually a heuristic rule in itself, and is therefore by no means fixed. As 

Wheelwright (1991) indicates, if heuristics were without exceptions, they would 

be algorithms. There is a current tendency to move high selectivity operations 

towards the front of processes, and thus take better advantage of the high 

purification factors they offer. Expanded bed adsorption chromatography, for 

example, is designed specifically to enrich by selectively binding product from 

crude feed streams (Frej and Hammarstrom, 1994). In that sense it is both a 

solids removing and high-resolution purification operation.

1.3 USING DESIGN INFORMATION FOR PROCESS SYNTHESIS

This section considers the process information that designers use. The first part 

of the discussion considers how heuristics and physical property information are 

used to generate possible process sequences. The second part shows how 

computer based techniques can assess these sequences and even suggest their 

own.

1.3.1 Heuristics to guide bioprocess design

Nadgir and Liu (1983) produced a classification system for heuristics, defining 

the following four categories: (a) method heuristics which help differentiate 

between different unit operations performing similar functions, (b) design 

heuristics, which help specify the correct sequence, (c) species heuristics, based



on the properties of the components, and (d) composition heuristics, which 

describe how production costs vary with both feed composition and desired 

product quality.

The majority of the heuristics that are proposed in the literature are design 

heuristics, and the overall hierarchy of bioprocesses presented in Section 1.2.2 is 

a summary of these. Table 1.2 presents a summary of design heuristics, 

proposed by different groups, to address the first, second and last operations of 

bioprocesses.

Figure 1.1: General hierarchy o f  bioprocesses showing each separation stage 

decomposed to specific selections o f unit operations (after Gandikota et al,
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Bonneijea’s (1986) proposals were the result of an examination of over one 

hundred protein purification sequences from microbial, animal and plant 

material, which identified trends in process selection at the laboratory scale. Of 

the sequences under study, over 80% involved intracellular products, while less 

than ten percent involved heterologous products or proteins over-expressed as a 

result of genetic manipulation. The purifications commenced with an average of 

25g of protein, present at 0.016% purity.

Table 1.2: Summary o f bioprocess design heuristics (after Wheelwright,

yppy;.

Reference 1st Process Step 2nd Process Step Last Process Step
Anonymous (Pharmacia) 
(1986,1983,1980)

Differential solubility 
(crude adsorption)

Selectivity 
(high resolution)

Belter et al. (1988) Non-specific separation High selectivity Polishing
(crystallisation)

Bonnerjea et al. (1986) Precipitation Ion exchange, 
affinity

Gel filtration

Ostlund(1986) Intermediate purification 
(ion exchange, adsorption, 
afiSnity)

Further purification 
(chromatography)

Gel filtration

Scawen et al. (1980) Initial
(concentration)

AflOnity, ion 
exchange

Final (concentration 
formulation)

Werner and Berthold (1988) Precipitation Gel filtration

Wheelwright (1987) Largest volume 
or mass removed

Avoid intermediate 
handling steps 
(dialysis, concentration)

Most ejqjensive 
(per unit o f  product 
basis)

Following disruption to gain access to the product, the most common option was 

the use of precipitation, followed by ion exchange. In many cases, sufficient 

yield and purity data was available to enable calculation of protein mass 

balances and step yields. Ranking each operation in order of purification power, 

based on this data, showed affinity purification factors to be several orders of 

magnitude greater than any other method (Figure 1.2). Despite this fact, affinity



was usually reserved until towards the end of the purification sequences (Figure 

1.3).

Figure 1.2: Average (solid) and maximum (dashed) purification factors

achieved by each purification unit operation in Bonnerjea's (1986) survey o f  

laboratory bioprocesses.

They concluded that most operators had included affinity operations too late; 

probably out of fear of fouling and risking damage to the affinity media; and 

were thus unable to benefit from its selectivity. There are, however, good 

arguments for early use, most notably the rapid enrichment of materials of poor 

initial purity (< 0.01%). Further, as the media is expensive, it makes sense to 

obtain the maximum step enrichment for the investment.

Some operations of industrial importance were under-represented in the sample 

group: This complicates the task of relating these results to the process selection 

trends observed in industry. At industrial scale, ultrafiltration and 

microfiltration are significant process options, whereas they tend to be rarer in 

laboratory isolations (Belter et al., 1988). Other important operations such as 

expanded bed chromatography, aqueous two-phase extraction and crystallisation 

are unrepresented in the examples. While the work presents an accurate picture



of laboratory isolations, the correlation with industrial process synthesis is 

limited.

Figure 1.3: Operation selection trends compiled from over 100 protein 

purification publications demonstrating preference for the sequence 

precipitation, ion exchange and gel filtration using aqueous free product 

feedstocks. Note the varied positioning o f affinity techniques (after Bonnerjea et 
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Wheelwright’s (1989) design heuristics have their origins in industrial 

bioprocesses, and pay particular attention to minimising product losses. After 

analysing material balance data for a series of industrial bioprocesses, it 

identified a clear advantage in removing the largest volume or mass of 

contaminant early. This confirms Douglas’s heuristic, which advises that the 

most plentiful contaminant (often water) should be removed first. The other 

significant observation was the extent to which yield was penalised by adding
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intermediate handling steps, such as diafiltration, buffer exchange and 

concentration. Often these steps are added betw^een chromatography stages 

towards the end of processes, where product has already been lost through 

preceding steps. It appears better to choose alternative purifications, or redesign 

existing ones to exclude these pre-treatments wherever possible.

1.3.2 Examples of industrial bioprocesses

Commercial processes for which any detail is available tend to reflect 

considerable conservatism. While much current research explores relatively 

new techniques such as expanded bed chromatography (Clemmitt and Chase, 

2000; Fahmer et a l, 1999), magnetic separations and others, real commercial 

processes tend towards better-established means. The reasoning is 

straightforward and justified. Conservative processes gain rapid regulatory 

acceptance, and as the operations are better characterised, the sequences come 

together more readily. Having considered both conceptual and practical 

approaches to bioprocess synthesis, several commercial bioprocesses are 

discussed by way of example.

1.3.2.1 Industrial processes using intracellular expression systems

The appeal of intracellular expression is a compartmentalised product promising 

easy separation from the largest volume contaminant: water, using simple, well- 

established techniques. Convenience comes at a price, as cell disruption 

operations must be added, and the resulting cell homogenates contain many 

fouling and contaminating components to disrupt and complicate downstream 

processing (Wheelwright, 1987). Yet for all this, these processes still find 

favour industrially, responsible for Proleukin (Chiron, USA Patent 5,162,507; 

1992), Somatonorm (KabiVitrum) (Flodh, 1986), Betaseron (Berlex/Chiron, 

USA Patent 4,450,103; 1984) and Neupogen (Amgen/Kirin, EP 289,267; 1988).

This category of process is further divided to include soluble intracellular 

expression, inclusion body formation and periplasmic expression. If over

expressed to favour inclusion body formation (Taylor, et aL, 1986; Titchener- 

Hooker et aL, 1991), two additional steps must follow: solubilisation under

1 1



reducing conditions and product renaturation. The most significant advantage of 

inclusion bodies is that the product is in another phase, thereby eliminating 

soluble protein and other contaminants. Partitioning the product from other host 

material is also true of periplasmic systems, provided one can ensure directed 

expression. Using gentle methods of outer membrane disruption: EDTA- 

mediated permeability (Carter et aL, 1992) or osmotic shock, soluble product is 

liberated into a low volume aqueous phase, easily separated from the 

spheroplasts containing DNA, soluble proteins and other host material.

Consider the differences between two commercial scale processes producing 

recombinant Somatotropins in E. coli, shown in Figure 1.4. Although one 

process deals with bovine Somatotropin and the other with the human 

homologue, Somatonorm, the proteins are sufficiently alike to assume 

reasonable consistency in the physical properties important to separation. 

Bovine somatotropin is over-expressed in E. coli to produce inclusion bodies 

that constitute as much as 25% total cell protein, at a scale of 130,000 L 

(Shahidi, 1988). The human Somatonorm process utilises intracellular 

expression in soluble form, producing a maximum of 1500 L of broth. Despite 

nearly an order of magnitude difference in scale, the overall number of 

significant steps in each process is the same. Inclusion body formation seems to 

confer several advantages. Somatotropin purification uses only two steps that 

rely on specific product properties (anion exchange and hydrophobic interaction 

chromatography): 22% of operations, compared with five (56%) for the 

Somatonorm process. The clarified supernatant obtained from the second 

centrifuge in the Somatonorm process still carries a heavy burden of host protein 

and other intracellular solubles, which requires three stages of DEAE 

chromatography to remove. By comparison, these compounds exit with the 

discarded supernatant of the second centrifuge in the Somatotropin process, 

which pellets the product with the homogenate debris. The real contrast point 

between these processes is comparing the relative merits of renaturing a 

solubilised product (Somatotropin) and using extensive use of preparative ion 

exchange (Somatonorm). Even if gel chromatography is introduced between 

solubilisation and renaturation to remove the reagent used to renature

12



(dithiothreitol, DTT), the advantage is not lost because the molecular weight 

difference between product and DTT is large, so the separative driving force is 

so high, that the addition to the sequence is trivial.

Figure 1.4: Process flowsheets for Somatotropin (inclusion body) and 

Somatonorm (intracellular soluble) production, for comparison.
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1.3.2.2 Industrial processes using extracellular expression systems

Extracellular expression should negate the effects of cellular contaminants, 

providing the cell separation step entails no cell breakage. Wheelwright (1991)
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insists that ideally, these streams should simply undergo cell removal, 

concentration and one step chromatographic capture. Obtaining a concentrated 

aqueous stream is usually straightforward, using ultrafiltration or adsorption, 

providing the expression levels are high. The actual benefits are not always that 

clear in practice, as some extracellular expression systems employ higher order 

cell lines, whose nutritional requirements may introduce potentially difficult 

contaminants like serum proteins or hormones. Additionally, secretory lines 

may also produce other proteins extracellularly, to partially nullify the 

advantage. Often post-translational modification requirements of the product 

dictate the cell system anyway. Commercial examples include Kogenate 

(Genentech/Bayer) (Horlein, 1994), Recombinate (Genetics Inst./Baxter) 

(Gomperts, 1992) , Leukine (Immunex, USA Patent 4,658,018; 1984) and 

Epogen (Amgen, EP 148,605; 1990).

The merits of product secretion can be weighed by comparing two recombinant 

human granulocyte colony stimulating factor (rh-GCSF) processes: a) as 

Neupogen inclusion bodies in E. coli (intracellular) and b) as secreted product 

using the yeast S. cerevisiae (Leukine). The processes are summarised for 

comparison in Figure 1.5. These processes provide excellent commentary on the 

putative merits of extracellular expression. After two operations, one 

qualitatively expects greater purity in the Leukine (extracellular) process, having 

undergone complete biomass removal. At the equivalent place in the process, 

the Neupogen product exists as insoluble matter, suspended in a whole, 

unclarified bacterial homogenate.

Despite having been cleared of most host-associated contaminants so early in the 

process, Leukine still requires another nine operations to reach homogeneity. 

The equivalent Neupogen stream, containing all the homogenised host material, 

requires just ten. The promise of removing the host-derived contaminants early, 

in this example, proved illusory. Overall, the proportion of specific property- 

based separations is even. Centrifuging the Leukine broth strips away a large 

fraction of potential contaminants, and its step purity is excellent. But in the 

context of the whole process, its impact is small, as it has done very little to aid 

or minimise subsequent operations.
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Figure 1.5: Process flowsheets for Neupogen and Leukine production.
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1.3.2.3 General observations on industrial process sequencing

Bonnerjea’s (1986) study of laboratory protein isolations identified trends in 

process selection at the discovery phase of product development (Section 1.3.1). 

Foo et al. (2000), compared process descriptions for twelve commercial 

biopharmaceutical proteins, four of which have already been discussed in the 

preceding sections. The processes included examples of bacterial {E. coli), 

mammalian and yeast systems. The latter two systems expressed product
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extracellularly, while the bacterial systems produced intracellularly, either as 

soluble product or inclusion bodies. Overall homology between the processes 

was strong. All of them began with a solid-liquid separation to remove or 

recover the cells. Where intracellular products were concerned, high-pressure 

homogenisation was always used, followed by another solid-liquid separation 

step. In some cases, an intermediate precipitation was used to remove extra 

contaminants. Inclusion body products were re-dissolved and renatured, using 

diafiltration to remove the reagents. Soluble products instead underwent buffer 

exchange or adjustment at a similar stage, presumably as a prelude to 

chromatography.

All processes were re-unified at the chromatography stage, using an ion 

exchanger for primary capture. HIC was popular as the second chromatography 

stage, and RP-HPLC was common. Most processes used a gel filtration step 

finally, presumably to remove either aggregated forms or leached ligands, prior 

to final concentration, usually by crystallisation or precipitation. The only areas 

of comparative diversity are solid-liquid separation and the choice of the actual 

chromatography to be used. Foo et al. (2000) note that “experience suggests that 

many companies have historical attachments to either centrifugation or 

membrane-based systems”, suggesting that the decision to use a centrifuge or a 

filter is not currently data driven at all. Chromatography choices, are more often 

than not resolved, conceptually at least, at the discovery stage; where modem 

chromatography systems have made method scouting and optimisation routine 

laboratory procedures (Londo et aL, 1998; Junbauer and Kaltenbrunner, 1996). 

The identified sequence does not differ considerably from that reported by 

Bonneijea et al. (1986).

1.3.3 Using physical property data for bioprocess synthesis

Individual property differences are the fundamental bases on which most 

bioprocess operations work. Wheelwright’s (1989) species heuristics were 

developed further by Asenjo (1990), who developed a parameter called the 

separation coefficient (SC). SC describes the effectiveness of a purification 

process in dealing with the range of contaminants, and can be used as a means of
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numerically comparing one operation with another. It is defined by Equation

1.1, as a function of efficiency and a deviation factor (DF). DF, in turn, is 

defined by an arbitrary function T , which represents the behavioural difference 

between product and contaminants in chromatographic separations, ie:

SC = f  (r|, DF) (Equation 1.1)

DF = ^{Product) -  ^{Contaminant) (Equation 1.2)

Taking exclusion chromatography as an example, it is well established that the 

movement of a molecule through the gel matrix is described by a distribution 

coefficient Kd, which observes a linear relationship with the logarithm of 

molecular weight. Hence the DFexciusion is:

= \lo g (m o lw t)^^  -  I o g ( \  (Equation 1.3)

The deviation factors of each process were thus calculated in different ways. 

Affinity chromatography was treated as a special case, as each ligand would 

require a unique DF. They dealt with this problem by assuming that affinity 

methods gave complete capture of product, and removed 98% of every 

contaminant present. The outcome was that the SC results were standardised, 

thus minimising any bias in the selection process. The explicit relationship for 

SC is:

SC = DF • r| (Equation 1.4)

SC is used by an algorithm, which is programmed to identify and remove higher 

concentration impurities as a priority. This is achieved by defining a relative 

contaminant protein concentration 0 :

concentration o f contaminant (i)
0; = ----- :-------------- :----- -----------:-------------- (Equation 1.5)

total concentration oj contaminants

Selection, performed by the algorithm, is on the basis of a selection separation 

coefficient SSC:

SSC = SC 0" 0 < n < 1 (Equation 1.6 )

Assigning the value of unity to the arbitrary exponent n:

17



SSC = DF • T) • 0 (Equation 1.7)

These mathematical developments allow computers to make decisions that a 

human designer would make on the strength of heuristics. The flowsheeting 

results they obtain as a result, are discussed in Section 1.3.4.

1.3.4 Computer-aided process flowsheeting

Wheelwright (1991) lists over fifty separative bases for protein purification 

operations, and for a three-step process, one can simply calculate 125,000 

possible processes. Flowsheet proliferation, if unchecked, can result in a large 

computational burden and organisational challenge. Optimisation algorithms, 

therefore, have obvious appeal (Westerberg, 1989; Grossman and Kravanja, 

1995; Sheppard et aL, 1991. Smithers (1989) summarises the critical elements 

of these systems as an integrated system of models, encoded in a 

computationally convenient form.

Two early systems were AIDES (Siirola and Rudd, 1971) and BALTAZAR (Lu 

and Motard, 1985; Motard, 1989; Bamopoulos et aL, 1988) which were 

designed for chemical process synthesis. Both packages followed similar 

algorithms, which selected raw materials first, then identified the required 

separations, and specified the appropriate operations and performed energy 

integration. Generally, the approach is consistent with the Siirola’s strategic 

synthesis ideas discussed in Section 1.2.1. Firstly, an overall process scheme is 

identified using only the molecular identities of the products and possible 

reactants. Once the strategic operations are identified, the algorithm treats each 

sequential reactor effluent as an initial state and the eventual destination of the 

stream components (product, contaminants) as the goal-state. Sequencing the 

operations together into a flowsheet is done in a manner that essentially works 

like an optimisation application.

Computer methods involve large systems of calculations. Wai et aL (1997) 

sought to reduce the overall computational effort by developing a means of 

eliminating non-plausible options during synthesis using a pattern recognition 

algorithm. For an N  component system, to be separated by M  potential
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operations, the total number of possible processes is given by the following 

relationship:

# ! ( # - ! ) !
S = ——— ——  ̂ (Equation 1.8)

For the five component mixture, 10 possible operations allow 140000 possible 

sequences. If the broth is assumed a solid-liquid mixture and only five processes 

are appropriate, then the number of sequences is reduced by 94%, to a final 

number of 8750.

The latest computer systems tend to start with a superstructure of all possible 

process alternatives (Papoulias and Grossman, 1983; Duran and Grossman, 

1986; Grossman and Kravanja, 1995). Global optimisation calculations search 

for unique solutions to objective functions based on cost. The disadvantage of 

this method is that much more data is required for the system to generate an 

acceptable process. Jacaranda (Fraga, 1998) operates in a manner that develops 

a list of ranked solutions, rather than narrowing down to a singular, optimal one. 

Its starting point is the set of raw materials (feed streams), a list of available 

processing steps (unit models) and a list of allowable products. An algorithm 

generates a graphical space that represents all possible processes, to be searched 

for the best solutions. This added robustness is useful to the engineer, as the set 

of starting assumptions is usually approximate, and unit operation models are 

often more prone to error when very little is known about the process (Varga et 

a l, 1998).

Jacaranda is just one element in a larger system called FiSH (Fully-integrated 

Synthesis Hierarchy). The package is based on a collection of generic 

algorithms suitable for use with detailed, rigorous, or even black box, models; 

coupled to a simple heat exchanger network synthesis procedure allowing full 

mass and energy balance integration for each flowsheet generated. Steffens et 

al (1999, 2000) have applied Jacaranda to synthesise flowsheets for penicillin 

manufacture and compared them to existing industrial practices. The three best 

flowsheets produced were consistent with Swartz's (1985) recommended 

modifications to improve the accepted penicillin process. Jacaranda results
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suggested the use of whole broth organic extraction at the outset, that membrane 

filtration should replace rotary drum filtration, and preferred ion exchange to 

aqueous two-phase extraction. The product specifications were kept quite 

loose, with the result that the system did not foresee the utility of a carbon 

adsorption step, used industrially to improve product crystal purity. An 

important difficulty was that the ranking system was heavily dependent on 

costing information, which was only approximate, so there was a possibility that 

cost overshadowed actual differences in process efficiency when ranking the 

resultant processes.

1.3.5 Use of expert systems

An important advantage was recognised in being able to process other, 

qualitative forms of data, even text-based statements of process heuristics. 

Expert systems allowed the large heuristic knowledge-base to be codified as 

systems of rules, which could be used along with detailed data and modelling to 

produce better flowsheets. Efforts to integrate flowsheeting, synthesis and 

design software generated a system named épée (Ballinger et aL, 1994), an 

object oriented computing environment providing these functions. An extension 

of this, called KBDS, possesses higher level information processing capabilities 

(Bahares-Alcantara and Lababidi, 1995). One example of this is the group of 

“assumption-based truth maintenance systems” (ATMS) it uses to maintain 

consistency throughout the design task. This is simply a routine that stores the 

reasoning and data behind every design decision, and projects this information 

forward through the design task, flagging any subsequent judgments that appear 

contradictory (Costello et aL, 1996). This is a means of ensuring consistency, 

though may restrict flexibility. A late decision may have sufficient merit to 

override an earlier result, yet the opportunity may be missed if ATMS is applied 

too rigorously. This is precisely why Siirola’s (1996) (Section 1.2.1) conception 

of key processes as “islands” is so useful, postponing actual sequencing until it 

is clear that all the critical features unique to the problem were identified and 

catered for.
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Lienqueo et aL (1996) applied the expert system PROT_EX, based on Asenjo’s 

(1990) separation coefficients (Section 1.3.2), to specify a purification process 

for somatotropin (22 kDa) from an industrial E. coli strain. The solution was the 

following sequence of operations: crossflow microfiltration => high pressure 

homogenisation disc stack centrifugation => solubilisation renaturation => 

ultrafiltration => anion exchange chromatography (pH 7.5) hydrophobic 

interaction chromatography. Both the range and level of protein expression can 

differ between species, and even as a function of fermentation conditions (Bailey 

and Ollis, 1986). To test the robustness of PROT_EX, the contaminant 

properties and concentrations were randomly varied by 10% and 20%. No 

process sequence change was instigated by 10% variations, though changes 

became necessary at 2 0 %.

Expert systems have also been used to concentrate on the high-resolution parts 

of the process (Ananda et aL, 1988; Asenjo et aL, 1989; Eriksson et aL, 1991). 

Leser et aL (1996) dealt specifically with designing high-resolution protein 

purifications using PROT EX. The challenge was to purify an unidentified 85.6 

kDa protein expressed in E. coli, to a final purity of 99%. Data for molecular 

weight, isoelectric point, hydrophobicity, and molecular charges over the pH 

range 4-8.5, was available for the product and for 12 predominant protein 

contaminants for the strain used. The expert system prescribed gel filtration 

chromatography as the first step, followed by cation exchange chromatography 

at pH 4, hydrophobic interaction chromatography and anion exchange 

chromatography at pH 8 , to deliver 99.5% purity. The result does not agree with 

standard practice. Its selection is explained by the fact that the product’s 

molecular weight was much larger than those of the contaminants. In practice, 

gel filtration is used towards the very end of processes, as a polishing step, as it 

does not have high capacity compared with ion exchangers.

1.4 OBJECTIVES OF THIS THESIS

This review of bioprocess synthesis has identified key issues, which provide the 

set of premises for this Thesis. There is a strong emphasis on selecting 

operations based on physical property differences. Systems that integrate this
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approach with the set of heuristic rules give best results. Even so, heuristic rules 

are case-specific and therefore difficult to render into computationally useful 

forms that suit all applications. Fortunately, industrial bioprocesses do observe a 

well-eonserved framework, which has been summarised in the form of a generie 

sequence in Figure 1.6. Within this framework, there are two main sources of 

variation: the selection of chromatography operations, and the choiee of solid- 

liquid separation equipment.

Figure 1.6: General process scheme identified by Foo et al. (2000), after 

examination o f  12 current biopharmaceutical processes.
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0 - - 0
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Solid-Liquid S eparation

(Precipitation?)

0 ------
Soluble

Solid-Liquid S eparation

iap ture C tirom atography

C oncentration/Form ulation
M iscellaneous Chrom atograptiic Purification

The generic framework can be simplified even further, in that a femiented feed 

stream is subjected to a sequence of operations, which essentially prepare it for 

cliromatography. From a flowsheeting perspective, the process designer should 

seek to strike a balance between two extremes. Firstly, an under-specified 

preparative sequence will result in too high a load of fouling contaminants 

reaching chromatography, and may affect purification and/or damage the 

chromatographic matrix. At the other extreme, an over-specified preparative 

sequence will involve too many operations, leading to greater overall product 

losses and higher capital and operating costs.
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This Thesis investigates methods of characterising process streams to aid 

designers in striking that balance. A critical aim is to develop a fouling test to 

measure the propensity of process streams to cause chromatographic fouling. 

Understanding chromatographic performance as a function of fouling is critical 

to selecting the appropriate degree of pre-treatment operations to ensure efficient 

purification. This Thesis also describes the development of a clarification index, 

to assist in centrifuge selection and separations design. These procedures allow 

designers to screen small amounts of material for potential processing 

difficulties, emphasising the engineering characteristics of process streams, as 

distinct from the basic science of product molecules.
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2.0 MATERIALS AND METHODS

2.1 INTRODUCTION

This Chapter describes the materials, equipment, analytical techniques and 

experimental methods that have been used in the preparation of this Thesis. 

Structurally, this Chapter aligns with the sequence of experiments, as they are 

reported in subsequent Chapters. All chemicals used in these experiments were 

obtained from Sigma Chemical Co. Ltd. (Poole, Dorset, UK), unless specified 

otherwise.

2.2 DEVELOPMENT OF A FRONTAL ANALYSIS TECHNIQUE TO 

MEASURE STREAM FOULING PROPERTIES (CHAPTER 3).

2.2.1 Preparation of fouling streams

2.2.1.1 Preparation of yeast homogenate

Bakers' yeast {Saccharomyces cerevisiae) was supplied by The Distillers Co. 

Ltd. (Sutton, Surrey, UK). Bakers' yeast was resuspended in phosphate buffer 

(0.1 M K2HPO4 , pH 7.0) to a concentration of 280 g.L'* packed yeast. The 

slurry was homogenised for five (5) discrete passes at 500 barg using a Lab 60 

high pressure homogeniser (APV Manton Gaulin, Everett, Mass, USA). 

Temperature was maintained at 278 ± 2 K during processing.

2.2.1.2 Preparation of D1.3 Fv Escherichia coli lysate

D1.3 Fv is a double-chained protein fragment, containing both VH and VL 

domains of the D1.3 monoclonal antibody. The genes coding for the protein 

reside on a high copy number (n ~ 200 copies per cell) pUC19 plasmid, under 

the control of the lac z promoter. The genes are expressed separately, each 

domain directed to the periplasmic space by the pelB leader sequence. The 

plasmid also carries ampicillin resistance for selection pressure. The plasmid is 

maintained in E. coli strain BMH 71-18. Dr Jo Harrison (U C L acb e, UK) kindly 

donated 1 mL glycerol stocks of the organism for this project. Stocks were used 

to inoculate lOOmL M9P medium in a 500mL baffled conical flask. M9P

24



medium contains Na2HP0 4  12 g.L '\ KH2PO4 6  g .L '\ NaCl 0.5 g.L"\ 

MgS0 4 .6H2 0  0.49 g.L '\ CaCl2.2 H2 0  0.015 g .L '\ L-proline 0.06 g.L '\ thiamine 

0.001 g.L '\ glycerol 60 g.L'* and yeast extract 20 g.L '\

Fermentation was conducted in a Chemap 14L fermenter at 310 K in M9P 

media. MgS0 4 .6 H2 0  and CaCl2.2 H2 0  were prepared as IM stock solutions and 

autoclaved separately to the bulk medium. Thiamine was prepared as a 0.1% 

w/v solution. The bulk medium was sterilised in situ in the fermenter at 394 K 

for 2 0  min, and after cooling supplemented with the separately sterilised 

components via a sterile 0.2 micron polysulfone syringe disc filter (Whatman, 

Springfield, UK) into the vessel. pH was controlled by addition of 4M NaOH or 

4M orthophosphoric acid, as appropriate. Air was supplied at 0.9 VVM, 

controlled in conjunction with the agitation rate to maintain dissolved oxygen 

above 20%. Fermentation was conducted until the biomass had reached a stable 

maximum and then harvested in a CARR P6  powerfuge (CARR, Franklin, MA, 

USA) using a Q /I of approximately 1.20 x 10'  ̂m .s '\ The unwashed cells were 

frozen at 203 K. This cell paste was the starting point for D1.3 Fv lysate 

manufacture.

To produce D1.3 Fv lysate, frozen cell paste was thawed at room temperature 

until malleable enough to break up manually. 19.5g of frozen paste was added 

to 30 mL of PBS (20 mM Na2HP0 4 , 0.9% w/v NaCl, pH 7.0), and placed in a 

313 K water bath to thaw. Once thawed, the paste was thoroughly resuspended 

in the PBS. A lysis buffer containing lOmM EDTA, lOOmM Tris, at pH 7.2, 

was freshly prepared on each occasion. 180 mL of lysis buffer was dispensed 

into a 500 mL baffled beaker and pre-warmed to 313 K using a water bath. 

Once reaction temperature (313 K) was attained, the cell suspension was added 

to the reactor, and agitated at a mean velocity gradient, G = 200 s'  ̂ for 6 

minutes. This reaction time was sufficient to promote total periplasmic release, 

though short enough to minimise product loss to dénaturation, as the D1.3 Fv 

fragment is labile under these conditions (Maybury, 1998). On completion of 

the lysis reaction, the vessel was immediately transferred to ice.
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2.2.1.3 Preparation of HumMAb4D5-8 Fab’ Escherichia coli lysate

HumMAb4D5-8 Fab’ is an antibody fragment expressed in E. coli K12 strain 

25F2 transformed with plasmid pAK19 (Carter, 1996). Fermentation began with 

a 10% v/v inoclum grown on SM6 C media: (NH4)2S0 4  5 g.L"\ NaH2P0 4  3.6 

g.L'VKCl 3.87 g.L'% citric acid 4.00 g.L"% glycerol 30 g.L '\ trace elements 10  

mL.L'\ MgS0 4 .7 H2 0  1 g .L '\ chloramphenicol 0.03 g.L'  ̂ and antifoam PPG 1 

mL.L'\ The trace element stock solution had the following composition: citrate 

100 g.L, CaC1.6H^0 5.00 g.L '\ ZnSO4-7H20 2.46 g.L '\ MnS0 4 .4 H2 0  2.00 g .L '\ 

CUSO4.5H2O 0.50 g.L '\ C0 SO4.7 H2O 0.427 g.L'% FeCl3.6H2 0  9.67 g.L '\ 

H3BO3 0.03 g.L"̂  and NaMo0 4 .2 H2 0  0.024 g.L '\ SM6 C media pH was 

adjusted to 6 .8  with the addition of 30% ammonia. Fermentation was conducted 

at 303 K, during which pH was controlled to a set-point of 6.95 by the addition 

of a 15% ammonium hydroxide solution. Agitator speed and air flowrates were 

varied to maintain the dissolved oxygen tension (DOT) at 20% or above. 

Foaming was controlled as necessary by the of PPG antifoaming agent. 

Fermentation was run in fed batch mode, supplementing with the glycerol 

carbon source until a biomass level corresponding to a dry cell weight 

concentration of 40 g.L'  ̂ was reached (~16 hrs). Plasmid expression was 

induced by the addition of a 50% w/w lactose solution, to bring the fermenter 

lactose concentration to 5% w/v. The fermentation became phosphate starved 2- 

4 hours post induction, ensuring that for the majority of the ~15 hr induction 

phase, the culture was in stationary phase. Cells were harvested in a CARR P6  

powerfuge (CARR, Franklin, MA, USA) using a Q/S of approximately 1.20 x 

10'* m .s'\ The cells were frozen, unwashed at 203 K. This cell paste was the 

starting point for Fab’ lysate manufacture. Completely thawed pastes were 

resuspended in the lysis buffer described above, to give a suspension with an 

optical density (measured against water at 600nm) of 80 absorbance units. This 

was achieved routinely by resuspending the frozen cell paste at a concentration 

of 0.14 g.mL'\ The extraction reaction was conducted in constantly stirred 

vessel at 333 K for 2 hrs. Lysate was stored on ice until required.
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2.2.1.4 Stream clarification

Three centrifugal conditions were used to clarify each lysate stream prior to 

frontal analysis tests, corresponding to Q/Z = 8.67 x 10 ms"\ Q/Z = 3 .Six 10  

ms"' and Q/S = 5.79 x 10 ms''.

2.2.2 Chromatographic procedures

2.2.2.1 Chromatography column

Frontal analysis fouling tests were performed in 1 mL Q-Sepharose HiTrap 

columns (Pharmacia 17-1153-01). These columns had a bed length of 2.60 cm 

and a diameter of 0.67 cm.

2.2.2.2 Chromatography systems

The foulant loading step of the technique was performed using a BioCAD 700E 

automated perfusion chromatography system (Perceptive Biosystems, 

Framingham, MA, USA) which allowed continuous monitoring of colunrn 

pressure drop, and could automatically halt feeding in the event that the pressure 

drop reached 1.0 MPa.

All other steps were using an FPLC unit (Pharmacia LKB Biotechnology, 

Uppsala, Sweden) illustrated in Figure 2.1. Two P-500 pumps, each capable of 

delivering constant flowrates between 1 -  499 mL.hr'^ supply a common mixing 

valve which directs material to the chromatography column. Column effluent 

passes successively through UV monitoring and conductivity measuring 

equipment, each of which sends data to a PE Nelson 970 A/D converter 

interfaced with a computer (PS/2 IBM 386-DX) running Turbochrom (v.2.1; 

Perkin Elmer, San Jose, USA) data acquisition software.

The UV monitor is a 280 nm fixed wavelength spectrophotometer with a single 

path flow cell. The system flows are governed by a LCC 500 programmable 

controller, and are limited to a pressure of 4 MPa. A maximum of two solutions 

may be fed simultaneously to the column, from buffer reservoirs A and B.
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Figure 2.1: The Pharmacia FPLC System.
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2.2.2.3 Residence time distribution (RTD) measurements

RTD measurements were perfomied on fresh and fouled Q-Sepharose columns. 

Three column fouling runs were conducted, using fresh columns in every case, 

by feeding clarified D1.3 Fv lysate material (Q/Z = 3.81 x 10'  ̂ m.s'^) until the 

column pressure drop had reached 1.0, 1.7 and 2.0 MPa, respectively. Once 

pressure was reached, the feed was stopped and the columns were allowed to 

rest for 30 min. Columns were then fed an equilibrating stream of BISTRIS 

buffer for 10 min. A 1.5 mL pulse of 1 M NaCl was introduced to the column, 

and the effluent stream monitored for conductivity. The NaCl pulsing 

experiment was repeated using a fresh, unfouled column, as a control.

2.2.2.4 Frontal analysis experimental procedures

A 1 mL Q-Sepharose column was equilibrated with 20mM BISTRIS buffer, pH

7.2 for 30 minutes at 0.9 mL.min'*. This buffering system has a pH range of 6.9 

-  7.6, to maintain a net negative charge on the BSA molecules. All 

chromatography solutions were de-gassed at room temperature using continuous 

Helium sparge lines, to prevent air bubbles forming in the lines, which would 

interfere with the monitoring equipment. The column’s control capacity (when 

completely clean) to adsorb BSA was tested by feeding the equilibrated column 

a 2 mg.mL'' BSA solution (<0.01% fatty acids. Sigma 05490), at 0.9 mL.min"', 

monitoring Ango , until the effluent absorbance reached a stable maximum 

(100% column saturation). The BSA was then removed from the column by a



linear NaCl gradient from 0-0.5 M, run over a 30 min period at 0.9 mL.min' . 

The colum n was then re-equilibrated with 20 mM BISTRIS until the effluent 

conductivity had fallen below  1 mS. W ith the control adsorption profile thus 

measured, and the colum n cleared o f  salt, the colum n w as subjected to its 

fouling challenge: fed 50 mL o f  foulant sam ple at a flowrate o f  0.3 mL.min"'.

Figure 2.2: Frontal analysis fouling test, a) equilibrated Q-Sepharose column 

h) steady state saturation with BSA solute (blue) allowing ''control” 

breakthrough curve measurement c) salt gradient elution o f  BSA and re

equilibration d) loading o f  foulant sample (brown) e) salt gradient wash, 

leaving “fo u le d ” column f )  steady state saturation with BSA allowing “fouled  

column ” breakthrough curve measurement, fo r  comparison with that recorded  

in b).

a)

b)

c)

d)

e)

f)
The fouled colum n was then washed with a linear 0 -0 .5  M NaCl gradient at 0.2  

mL.min"’ for 30 min, fo llow ed  by a steady state feed o f  0.5 M NaCl for 30 min
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the effluent was logged continuously. The salt wash was designed to remove 

any species that had bound specifically with the Q-Sepharose. As the BSA 

treatment was to be repeated, to measure a “fouled column” breakthrough curve, 

it was essential to remove specifically bound species, to ensure that all binding 

sites remaining in the fouled column were available for BSA adsorption. Salt 

was then cleared by re-equilibrating with 20 mM BISTRIS for 5 min, to give an 

equilibrated, though “fouled” column. The fouled-state breakthrough curve was 

then determined by feeding 2 mg.mL'^ BSA solution at 0.9 mL.min'^ 

monitoring A280 until effluent A280 equals reached a stable maximum (100% 

column saturation).

2.2.2.5 Measuring the effect of NaCl concentration on non-specifically 

bound species elution

Three frontal analysis experiments were performed using clarified yeast 

homogenate as fouling stream. The procedures described in Section 2.2.2.4 

were used, using 0 - 0.5, 0 - 1 . 0  and 0 - 2.0 M salt gradients during the foulant 

washing steps. A280 of the column effluent was monitored, visualising the non- 

specifically bound material leaving the column.

2.2.2.6 Data processing

The computer monitoring equipment provided the breakthrough curve data in 

ASCII text format, which was imported into MS-Excel 7.0 (Microsoft 

Corporation, Seattle, WA, USA) for primary manipulation. Every attempt was 

made to minimise the formation of air bubbles in the system plumbing, as their 

passage through the UV detector results in a clearly erroneous, off-scale 

response. These had to be removed from the data output before the 

breakthrough curves could be analysed further. This was the only change made 

to the raw data. The data was exported to Microcal Origin (v.5.0; Microcal Inc., 

Northampton, MA, USA) for plotting. The software’s mathematical functions 

were recruited to numerically integrate the A280 traces collected during foulant 

washing, so the amounts of eluted material could be compared (Section 2.2.2.5 

& Figure 3.10).
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2.3 MODELLING BREAKTHROUGH PHENOMENA IN 

CHROMATOGRAPHIC PACKED-BED ADSORPTION 

(CHAPTER 4).

2.3.1 Frontal analyses

Refer to Section 2.2.2.4.

2.3.2 Adsorption isotherms

The isotherm for the adsorption of BSA to Q-Sepharose was determined using 

batch-wise adsorption experiments. 1 mL HiTrap Q-Sepharose columns were 

carefully dismantled and the 1 mL resin added to ImL BISTRIS buffer (Section 

2.2.2.4) in 5 mL plastic bijou bottles. These were incubated with known 

volumes of buffered BSA solutions overnight at room temperature overnight to 

attain equilibrium. 200 pL samples were withdrawn from each tube and 

measured for UV absorbance at 280 nm to give concentration measurements. 

The amount of BSA adsorbed to the suspended matrix was determined by mass 

balance.

2.3.3 Solving the analytical model for solute breakthrough

Cooney’s (1990) approximate analytical equation describing adsorption 

(Equation 4.22) was fitted to experimental data. The system of equations was 

solved using MATHEMATICA (Wolfram Research, Long Hanborough, UK). 

The fitting problem was solved by calculating parameter values for Equation 

4.22, such that the resulting expression fitted the experimentally determined 

(Section 2.2.2.4) breakthrough data. Each experiment collected N  data points 

[t„, Xn] for the experimental breakthrough curve t = f(X): [0,0],[/y, Xi] ... [/â , 

X n \ Equation 4.22 describes a set of data, t = g(X ’): [0,0],[ry, X ’i\ ... [r̂ v, X'n\- 

Each data point corresponding to t„ = tj, t2, ... tn contributed to an objective 

function Ot,x-

N  2

~ K \  (Equation 2.1)
n ~ \
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Solution sought to minimise the function Ot,x, so that the result was a 

straightforward least squares regression fit to the data.

2.4 FRONTAL ANALYSIS CHARACTERISATION OF PROCESS 

PERFORMANCE - PURIFICATION OF ADH FROM BAKERS’ 

YEAST (CHAPTER 5)

2.4.1 Equipment

Process samples were prepared using a Lab-60 high pressure homogeniser (APV 

Manton Gaulin, Everett, MA, USA) and a Beckman J2-M1 laboratory centrifuge 

with a JS-13.1 swing-out rotor (Beckman Instruments, Buckinghamshire, UK). 

ADH purification was achieved using a BioCAD (Perceptive Biosystems, 

Framingham, MA, USA). Fouling measurements were conducted on a FPLC 

(Pharmacia LKB Biotechnology, Uppsala, Sweden). Assays requiring 

spectrophotometric analysis used a Beckman DU 650 spectrophotometer 

(Beckman Instruments, Buckinghamshire, UK).

2.4.2 Preparation of yeast homogenate stream

2.4.2.1 Yeast homogenate stream production

Bakers’ yeast was suspended to 8% packed wet weight per volume in 0.1 M 

KH2PO4 buffer (pH 6.5). This was then homogenized at 500 barg for five 

discrete passes at 278 K. 160 mL of homogenate were placed into a baffled 

stirred-tank reactor, to which 40 mL of a saturated solution of (NH4)2S0 4  (519 g 

L '\  buffered with O.I M KH2PO4, pH 6.5) was added rapidly in one batch 

(surface addition near the impeller region), resulting in a 2 0 % saturated 

suspension. This was agitated at a mean velocity gradient, G = 200 s'̂  for t =

0.63 h (Camp number, Gt = 10^) (Bell and Dunnill, 1982). Samples were then 

sheared in a laboratory shear device (Levy et aL, 1999) at a maximum energy 

dissipation rate of 7.3 x 10̂  W.kg'^

2.4.2.2 Yeast homogenate clarifîcation procedures

Centrifugation background and theory are presented in Section 7.1.4 - 6 . The 

technique of choosing laboratory centrifuge conditions to act as ultra scale-down
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mimics of industrial centrifuges is published in an earlier publication (Boychyn 

et ah, 2000). A common and accurate method of comparing the clarities of 

bioprocess streams is the optical density at 600 nm, producing the clarification 

defined as:

clarification = ~ (supernatant) ^ (Equation 2 .2 )
0^600 {reference)

where the reference is a supernatant considered to have had all solids removed 

(100%). The centrifuge conditions used to produce the reference material were 

(fre// tre/^ref^ref) ~ 7.4 X 10 m .S   ̂ : tref~ 1.5 h, ^ e f~  7.51 m^, Cref~ 10, Vref~ 

30 mL, Nref= 250 s '\

Homogenates were dispensed in 30 mL aliquots to 50 mL polycarbonate 

centrifuge tubes, using graduated syringes to avoid the errors associated with 

transferring viscous materials. Samples were centrifuged {Ziab = 3.48 m^, Ciab = 

1.0, Viab = 30 mL) for different times to give supernatants of progressively lower 

clarity:

Table 2.1: Centrifugal conditions to produce clarified yeast homogenate 

supernatants of95Vo, 90% and 80% clarity.

Clarification V lab d  lab C lab ^lab
(m s'‘ )

t  lab
(min)

lab
s-'

95 1.40E-09 18.5 250
90 2.96E-09 9.4 250
80 1.64E-08 10 100

Centrifuging yeast homogenate at low V/tCZ causes lipids and other material to 

coalesce and aggregate at the top of the tube, forming a pellicle. This material 

was screened from the supernatant by one pass through a single sheet of lint-free 

filter paper (Kimwipes, Kimberly-Clark, Kent, UK).

2.4.3 Filtration process procedures

2.4.3.1 Primary filtration of yeast homogenate

A precoat of 1.0 kg m'^ Celpure 1000 filter aid (Advanced Mineral Corporation, 

CA, USA), supported on a GF/B glass microfibre filter cloth (Whatman
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International Ltd, Maidston, UK), was applied in 20% (NH4)2S04  saturated 

aqueous buffer at 1.0 bar for approximately 30 s. The body feed concentration 

was 3.0 kg m'^ in 100 mL of suspension (2 batches required). The initial 

pressure (supplied by a cylinder of compressed nitrogen) of 0.5 bar was 

maintained for the first 50 mL and then incremented by 0.5 bar until a maximum 

of 1.5 bar was attained.

2.4.3.2 Secondary (Guard) Filtration procedures

Zeta Plus 90LA Grade depth filters (Cuno Inc., Meriden, CT, USA) were chosen 

because of their low nominal rating (0.2 pm) and suitability for cell debris. A 47 

mm disc was pre-wet in salt buffer prior to placement in a Cuno disc holder. 

100 mL of the supernatant or primary filtrate were then placed into a pressure 

vessel, 0.5 bar applied and the flux decline monitored manually.

2.4.3.3 Membrane filtration procedures
Sartolab P20 Plus 0.2 pm cellulose acetate 20 cm^ disposable membranes 

(Sartorius AG, Goettingen, Germany) were used to clarify filtrates further. The 

membranes are hydrophilic, low protein binding and robust. 100 mL of guard 

filtrate was processed through a membrane at 0.5 bar. Data was plotted as tV/V 

versus V\ the slope of which is proportional to the specific cake resistance for the 

material, which is a measure of the streams' relative fouling properties (Belter et 

a l, 1988).

2.4.4 Polyethyleneimine (PEI) flocculation
PEI was obtained as a 50% w/v aqueous preparation. This stock material was 

diluted with de-ionised water to give a 2% w/v solution. Solution pH was 

adjusted to 6.5 with the addition of 4M HCl. Yeast homogenate samples from 

Section 2.4.2.1 were dosed with the 2% PEI solution, so that the final PEI 

concentration was 0.3%. This dosing rate had previously been shown to be 

optimal for ADH purification (Okec, 1998). Floes were removed from the 

sample by centrifuging in a Beckman J2-M1 laboratory centrifuge, using the 

J13.1 swing-out rotor, at 10230g for 20 min. The supernatant was used directly 

in HIC purification.
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2.4.5 Purification of ADH using 1 mL HIC media

ADH purification was performed using the BioCAD with a fresh 1 mL Phenyl 

Sepharose column (Pharmacia 17-1411-02), equilibrated for 30 min at a flowrate 

of 0.3 mL.min'^ with HIC running buffer (0.78M (NH4)2S0 4 ; 20 mM KH2PO4, 

pH 7.0). After running buffer equilibration, yeast homogenate streams were fed 

to the column at a constant flowrate of 0.3 mL.min'% always fed downwards 

through the column. Once feeding steady state was achieved (pH -7.0, 

conductivity -100 mS), the tube leading from the bottom of the column was 

detached, to allow continuous sampling of the effluent. The passage from the 

column to the analytical equipment is long, and as the experiment sought to 

enforce a strict breakthrough criterion, it was thought better to detach and 

sample directly ex-colunm, and avoid the unnecessarily large hold-up volume in 

the apparatus. This gave absolute control over the amount of stream fed to the 

system. The upstream plumbing was unaffected, so the column supply pressure 

could still be monitored.

Samples drawn during the loading period were immediately assayed for ADH, 

and once the breakthrough concentration had reached 15% of the previously 

determined feed concentration, the column was immediately detached from the 

BioCAD apparatus. The feed line was then flushed with HIC running buffer, so 

that when the column was reconnected, no additional feed would be introduced. 

Washing was performed at 0.9 mL.min'% using the HIC running buffer. Feed 

application used a lower flowrate because the feed streams would contain 

particulates and other foulants and there was the chance the column would be 

damaged if higher flowrates were used. In all cases, once feed application was 

complete, washing at the higher flowrate caused no compression problems. The 

wash volume was sampled and assayed for ADH until the concentration had 

fallen to less than 1% of the original feed.

ADH elution was achieved by a step reduction in ionic strength, feeding a 20 

mM KH2PO4 pH 7.0 solution at 0.2 mL.min'\ seeking to elute the captured 

ADH into the smallest possible volume. Column eluate samples were collected 

continuously, again ex-column, and stored frozen at 253 K until it was 

convenient to assay for both ADH and protein concentration. Once both sets of
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assays were complete, specific activities were calculated, and fractions with 

greater than 100 Umg'^ were pooled, giving the final ADH yield.

2.4.6 Frontal Analysis

Frontal analyses were performed using the methods described in Section 2.2.2.4. 

Kinetic calculation methods are described in Section 2.3.3.

2.4.7 Analyses

2.4.7.1 Optical density measurement

The OD at 600 nm of each stream was measured in acryl cuvettes (Sarstedt, 

Nümbrecht, Germany) using the Beckman DU 650 spectrophotometer. Some 

samples were diluted in 20% saturated (NH4)2S0 4  to keep readings between 0.05 

and 1 ; this buffer was also used as the blank.

2.4.7.2 Total protein assays

Protein concentrations were measured for all samples using the Coomassie Blue 

G-250 assay reagent (BioRad Laboratories Ltd., Hertfordshire, UK) with the 

spectrophotometer set to read at 250 nm. The method is based on the work of 

Bradford (1976). Process stream samples were diluted to a concentration range 

of 200 - 1000 pg protein.mL'^ using 100 mM potassium dihydrogen phosphate 

buffer pH 6.5.

50 pL of appropriately diluted sample was added to 1.5 mL assay reagent in an 

acryl cuvette and allowed to equilibrate at room temperature for at least 1 hr. A 

series of standards were prepared by diluting a stock 1 mg.mL"* bovine BSA 

solution to produce solutions of 0, 50, 100, 250, 500, 750 and 1000 pg.mL'^ 

BSA. 50 pL of each standard was assayed in the same manner as the samples. 

The absorbances of standard and samples were determined at 595 nm, using a 

Beckman DU-650 spectrophotometer. The standards enabled an A595 versus 

concentration standard curve to be constructed, from which the sample protein 

concentrations were determined.
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2.4.T.3 Alcohol dehydrogenase (ADH) assays

The concentration of ADH in each stream was determined using the method 

described by Bergmeyer (1983) based on the change in OD at 280 nm of NAD^ 

during the conversion of ethanol to acetaldehyde.

ethanol + NAD^ <=> acetaldehyde + NADH +

The reaction mixture consisted of 600 mM ethanol, 1.8 mM NAD, 1.0 mM 

glutathione, 0.62 mM semicarbazide HCl in 50 mM Tris-HCl buffer, pH 8 .8 . 

Process samples needed significant dilution (up to 1:500) to bring their change 

in absorbance into a suitable range (-0.5 absorbance units per nun). The diluent 

used was 100 mM potassium dihydrogen phosphate buffer, pH 6.5. The 

presence of glutathione stabilised the reaction in dilute solution. The presence 

of semicarbazide rendered the reaction irreversible towards acetaldehyde 

production.

25 pL samples of appropriately diluted sample were added to an acryl cuvette for 

ADH determination. The reaction was commenced by the addition of 1.5 mL of 

the reaction mixture, mixed by gentle inversion. The rate of change of 

absorbance was monitored at 340 nm for 30 s at 1 s intervals using a Beckman 

DU-650 spectrophotometer. The instrument processed the results automatically, 

fitting the linear response with a regression line, the output of which was the 

reaction rate, in the units of A34o.min'\ Sample activity, in U.mL'\ was 

calculated using the following relationship:

Activity = o f A W l  (Equation 2.3)
A r  1 ^ 8 3 4 0

where — ^  is the reaction rate, Vr is the total reaction volume, Vg is the sample 
At

volume, 8340 is the extinction coefficient of NAD^ at 340 nm, equal to 6.22 

cm^pmof\ and DF is the sample dilution factor.

2.4.7.4 Chromatographic breakthrough time

The chromatography loading flowrate was 0.3 mL.min'\ meaning that effluent 

flow was drop-wise from the columns. Only 25pL of sample is required per
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ADH assay. One-drop samples were collected in Eppendorf tubes and 

immediately assayed for ADH, allowing the real-time construction of a time 

series breakthrough curve. The bulk feed was diluted by a factor of 1:20 and 

assayed in triplicate for ADH, so that the concentration corresponding with 15% 

breakthrough could be calculated. Once this concentration was reached, the time 

was noted and feeding ceased.

2.4.7.S Dynamic capacity and process yields

The data was plotted as time-series chromatograms in Microcal Origin 5.0 

(Microcal Inc., Northampton, MA, USA). The mathematical functions built into 

the software package allowed the chromatograms to be integrated numerically 

with respect to time, thus calculating the amount of ADH and protein present in 

the pooled elution samples. The ADH concentration profile over the complete 

elution time course produced the dynamic capacity results, which also provided 

the gross process yield. Narrowing the limits of integration to consider only the 

pooled fractions (> 100 U. mg protein'^) defined the net process yield.

2.4.T.6 Viscosity measurement

Sample viscosities were measured using a Contraves Rheomat 115 rheometer 

(Contraves AG, Zurich, Switzerland). The apparatus consisted of a fixed, 

spinning cylinder, surrounded concentrically by a hollow cylinder, or sleeve. 

The sample was poured into the annular space between the cylinders. When the 

central cylinder is rotated, it imparts a shear stress on the liquid. If rotation 

continues at a constant rate, the shear stress propagates through the liquid 

annulus. The rate of this process is related linearly to the liquid’s viscosity. The 

central cylinder was rotated at a series of 15 speeds, which correspond to 15 

different, knovm levels of shear stress. A shear rate was measured for each shear 

stress, and the results plotted against one another, forming a straight line, 

indicating Newtonian behaviour. The slope of this line is equal to the sample 

viscosity. Samples were measured in triplicate, with an error of approximately 

± 10%.
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2.5 CALIBRATION PROCEDURES RELATING FRONTAL 

ANALYSIS TEST RESULTS TO CHROMATOGRAPHIC 

PERFORMANCE (CHAPTER 6)

2.5.1 Preparation of D1.3 Fv lysate streams

D1.3 Fv lysate was prepared using the methods described in Section 2.2.1.2. 

This material was then brought to either 20% or 40% saturation with ammonium 

sulfate, raising the conductivity to a level appropriate for HIC processing (>100 

mS). The material was clarified according to the conditions described in Table

2.2. Four Q/E conditions were used in this study: 5.60 x 10'^  ̂ms'% 1.71 x 10 '̂  

ms'% 2.61 X 10 '̂  ms'^ and 5.53 x 10'  ̂m s'\ Clarified lysate was spiked with a 

known amount of ADH. A commercial preparation of solid yeast ADH (Sigma 

05640) was used, which had a specific activity of approximately -400 U.mg 

protein'\ Typically, the ADH was added at the rate of 30 mg of solids per 80 

mL of clarified lysate material, which routinely produced a feed ADH 

concentration of 100 U.mL'\

Table 2.2: Centrifugal conditions to produce clarified D1.3 Fv lysates:

Centrifugation

Condition
^ la b  lab  ^  lab ^  lab

(ms'^ )
i  lab

(min)
^  lab

s - ‘

1 5.60B-10 90 250

2 1.71E-09 30 250

3 2.61^09 20 250

4 5.53E-09 10 250

Where stream dilution was called for, the diluent used was the HIC running 

buffer, described in Section 2.3.4.

2.5.2 Solubility profiles for ammonium sulphate precipitation

Bench scale precipitation studies were carried out to ascertain the solubilities of 

yeast ADH and total protein in D1.3 Fv lysate preparations. Freshly prepared 

lysate was supplemented with ADH to a concentration of 100 U.mL'\ These 

solutions were brought to 20%, 40%, 60% and 80% saturation in ammonium
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sulphate, via the addition of a 1 0 0% saturated ammonium sulphate solution, at 

room temperature. The precipitation reaction was conducted in stirred vessel, at 

a mean velocity gradient, G = 200 s'̂  for r = 45 min so that Gr>10^ (Bell and 

Dunnill, 1982). After this time, samples were withdrawn from each reaction and 

centrifuged at 14000 rpm for 30 min in a MSB Micro Centaur laboratory 

microfuge (MSB Ltd., Leicestershire, UK). Samples of supernatant were drawn 

off with a micropipette and assayed for both total protein (Section 2.4.7.2) and 

ADH (Section 2.4.7.3). Solubility profiles were constructed by plotting the 

fraction of soluble ADH and total protein against the precipitating concentration 

of ammonium sulphate.

2.5.3 HIC purification of ADH from clarified D1.3 Fv lysate materials

ADH purifications were performed using the methods described in Section

2.3.4.

2.5.4 Frontal analysis

Frontal analyses were performed using the methods described in Section 2.2.2.4. 

Kinetic calculation methods are described in Section 2.3.3.

2.5.5 Analyses

Analyses for OD600, total protein, ADH activity, chromatographic breakthrough 

times, process yields and purities are described in Sections 2.3.6.1-5, 

respectively. Viscosity measurement technique is described in Section 2.4.7.6.

2.5.6 Statistical procedures

Statistical calculations were performed using the software package DOB-PC IV 

Version 3.01 (Quality America Inc., Tuscon, AZ, USA).
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2.6 CENTRIFUGAL CLARIFICATION INDEX MEASURMENT 

(CHAPTER 7)

2.6.1 Preparation of biological suspensions

Several biological suspensions were used to investigate the centrifugal 

clarification index, Cci : whole yeast cell suspensions, whole recombinant E. coli 

fermentation broths, periplasmic extracts from recombinant E. coli cultures, 

yeast homogenates both neat and precipitated with ammonium sulphate), milk 

casein precipitates formed in the presence of polyethylene glycol (PEG).

2.6.1.1 Yeast-based suspensions

Bakers' yeast (Section 2.2.1.1) was resuspended in phosphate buffer (0.1 M 

K2 HPO4 , pH 7.0) to concentrations of 600, 450, 280, 150 and 75 g.L'^ packed

yeast, depending on experimental requirements. A portion of the material was 

retained to facilitate whole yeast measurements, and the remainder was 

homogenised for five (5) discrete passes at 500 baig using a Lab 60 high pressure 

homogeniser (APV Manton Gaulin, Everett, Mass, USA). Temperature was 

maintained at 278 ± 2 K during processing. Homogenates were used directly for 

clarification measurements. The first stage in preparing ammonium sulphate 

precipitates was to clear the homogenate (280 g.L'^ packed yeast) of cell debris, 

by centrifuging in a Beckman J2-M1 laboratory centrifuge (Beckman 

Instruments Ltd., High Wycombe, UK; C 1.0), using the JA-20 rotor, operated 

at 15000 rpm for 90 minutes at 277 K. Precipitations were performed according 

to the work of Clarkson et al. (1994) and Alsaffar (1994): a one-stage 

fractionation (40% ammonium sulphate saturation) used for alcohol 

dehydrogenase (ADH) purifications. The cut was performed in 400 mL batches, 

adding 100% ammonium sulphate, prepared in 50 mM potassium dihydrogen 

phosphate buffer, pH 6.5. Precipitating agent was added rapidly in one batch, 

poured near the impeller to ensure good mixing. Reactions were conducted at

277 K, agitated at a mean velocity gradient, G = 200 s'̂  for t = 0.63 h (Camp

number, Gt > 10^) (Bell, 1983).
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2.6.1.2 Casein precipitates

Bovine milk was skimmed to remove fat in a Beckman J2-M1 laboratory 

centrifuge, using the JS-10 rotor at 10000 rpm for 40 minutes at 277 K. The 

aggregated fats were skimmed from the surface and the skimmed milk frozen

immediately at -20 C for future use. For polyethylene glycol (PEG) 

precipitation reactions, the frozen milk was thawed gently in a water bath at 318 

K. Once completely thawed, the milk pH was adjusted to 6.0 using 4.0 M HCl.

The precipitant solution used was a 50% (w/v) solution of PEG with an average 

molecular weight of 3500 g.mole'^ (Sigma P-2139). Precipitation was 

performed by adding the precipitant solution to the skimmed milk in the ratio of 

22% (v/v) PEG solution. The reactions were conducted in stirred volumes of 

200 mL, in baffled glass beakers, at room temperature, and were allowed to 

proceed for at least twenty minutes before the first samples for clarification 

measurements were withdrawn.

2.6.1.3 Recombinant cell fermentation broths

Cells from recombinant D1.3 and Fv Fab’ fermentations were used in this study. 

Production methods are described in Sections 2.2.1.2 and 2.2.1.3, respectively.

2.6.1.4 Recombinant E. coli lysate preparations

The lysis procedures of Sections 2.2.1.2 and 2.2.1.3 were used to generate D1.3 

Fv and Fab’ lysates.

2.6.2 Sample shearing

D1.3 Fv and Fab’ lysate materials were artificially sheared using a rotating disc 

shear device operated at 28000 rpm, to mimic the shear damage expected in the 

feed zones of industrial disc stack centrifuges (Levy et al, 1999; Boychyn et al, 

2000a). This condition exposed the material to a maximum energy dissipation 

rate of 7.3 x 10  ̂W.kg"'.
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2.6.3 Clarification index measurement procedures

2.6.3.1 Theoretical considerations

Clarifications were based on Equation 2.2. The reference was produced using 

the following conditions: { V r e f / t r e j C r e f l r e ^  = 7.4 X lO'̂ ® m.s'^ , t r e f =  1.5 h, I r e f  = 

7.51 C r e f ^  1 .0 , V r e f =  30 mL, N r e f =  250 s '\

2.6.3.2 Processing samples with a laboratory centrifuge

Suspensions prepared as described in the preceding section were dispensed in 30 

mL aliquots to 50 mL polycarbonate centrifuge tubes, using graduated syringes 

to avoid the errors associated with transferring viscous materials. Samples were 

centrifuged using a Beckman J2-M1 laboratory centrifuge, using the JA-13.1 

swing-out rotor, at the appropriate Niab and tiab settings to give the desired range 

of Viab/Ciab̂ iabtiab- The equations relating Viai/Ciab îabtiab to Niab and tiab are 

described Section 7.1.4, formulated to enable the laboratory centrifuge to act as a 

scaled-down mimic of industrial machines, assuming a sedimentation efficiency 

of 40%.

2.6.3.3 Measuring clarification using optical densities

Optical density measurement is described in Section 2.4.6.1. All samples were 

maintained on ice before measurement. In the case of cell broths, often the 

material contained significant amounts of antifoam agents, which precipitate at 

room temperature, producing a hazing effect. Chilling the samples eliminated 

the haze, allowing the absorbance due to biomass to be reliably determined. In 

the case of PEG precipitates of casein, the diluent was supplemented with 22% 

(v/v) PEG, which prevented the precipitates from re-dissolving.

2.6.3.4 Calculating centrifugal clarification index (Cci) from clarification 

data

Clarification results were plotted against Viai/Ciab̂ iabtiab, obtaining a recovery 

curve. Viai/Ciab îabtiab was plotted on a standard logarithmic scale, and 

clarification was plotted on a probability scale. Usually a linear relationship 

results, although the linearity is apparent, due only to the selection of axes. The
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centrifugal clarification index (Cci) is defined as the empirically calculated slope 

of the recovery curve, and is always negative for settling suspensions (Section 

7.2.1). Linear regression lines were fitted to the data using mathematical 

functions in the plotting software, SigmaPlot for Windows 2.0 (Jandel 

Scientific, Erkrath, Germany), providing a general description of the recovery 

curve, with the form of Equation 7.2.2.

2.6.4 Process simulations

Process costing and simulations were performed using SuperPro Designer 

(Intelligen Inc., New Jersey, USA) (Petrides, 1994). Centrifuge costs were 

estimated using the cost modelling equations incorporated into this software.

V ^ o  J
(Equation 2.4)

where PC is the purchase cost of the scaled-up centrifuge (scale Z), based on the 

scale So and cost Co of the base-case centrifuge, and a is a scaling factor 

supplied by the software’s built-in costing model.
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3.0 DEVELOPMENT OF A FOULING TEST BASED ON FRONTAL 

ANALYSIS

3.1 Introduction

The source materials for biopharmaceutical production normally contain 

components that exert deleterious effects on the operating efficiency of 

chromatography equipment, over prolonged exposure. This arises from contact 

with colloidal materials and substances such as lipids, carbohydrates, proteins 

and nucleic acids which can block small pores and absorb to surfaces, so that 

active groups, such as those involved in ion exchange, are rendered non

functional. This phenomenon is called fouling. It can have a variety of 

consequences from impaired performance and reduced capacity, to instances 

where the active components such as chromatographic media, filters or 

membranes, become ruined and must be replaced (Xu and Huang, 2000). This 

Chapter considers the development of a method to measure the fouling 

properties of bioprocess streams.

3.1.1 Industrial significance of chromatography operations

There are currently over twenty recombinant protein therapeutics in commercial 

manufacture, individually attracting sales revenues in the range of USSIOOM- 

800M. The processes used to produce these molecules are published in some 

cases, and column chromatography operations figure prominently in all of them 

(Ladische and Kohlmann, 1992; Horlein, 1994; Gomperts, 1992; Flodh, 1986; 

Tamowski et aL, 1986; Wheelwright, 1989). Chromatographic operations are 

able to specifically bind product molecules, based on certain physicochemical 

interactions. Gel filtration exploits molecular size, ion exchange takes 

advantage of charge and affinity techniques use a specific molecular interaction, 

as examples. These operations are likely to continue their domination of high 

resolution purification for several reasons. Firstly, there is a lack of competing 

technologies that have reached the same level of practical and theoretical 

maturity. Process-scale electrophoresis (Righetti et aL, 1988; Corthals et aL, 

1997; Bauer and Weber, 1998), field-flow fractionation (Stevenson and Preston,
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1997), biomagnetic separations (Abudiab and Beitle, 1998; Luxembourg et aL,

1998) and selective membranes (Van Reis et aL, 1999) are promising operations 

under research, though only the latter has found industrial-scale use to date. 

Additionally, chromatography continues to progress as a science. Manufacturers 

regularly deliver matrices that come closer to the ideal: higher contact area, 

higher adsorptive capacity (Boschetti, 1994), higher flows and lower pressure 

drops (Palsson et al., 1999).

3.1.2 Fine structure of chromatographic media

Most chromatography systems operate as packed beds of spherical, porous 

beads. Effective diffusion within the beads is critical to the success or failure of 

the method, as the vast majority of the separation area is internal. An ideal 

support, therefore, should have the following features: it should be highly 

porous, hydrophilic to enable thorough wetting, chemically stable enough to 

withstand derivatisation and process sanitation and sterilisation, and the beads 

should possess enough mechanical strength to resist the compressive stresses 

brought to bear by high flowrates and viscosities. Commercial matrices 

typically use bead sizes ranging between 5 and 200 microns. Geometrically 

speaking, smaller beads confer greater surface area per unit volume of packed 

matrix, and proportionately smaller diffusion distances. There is some 

practicable limit on minimum bead size, required by hydrodynamics, as the 

column pressure drop increases inversely with bead size. Matrix manufacturers 

resolve this design trade-off by usually producing beads in the 30-90 micron 

range, which best satisfies the conflicting requirements of contact area and 

process flowrate.

Current process speed improvements are largely the result of changes to flow 

properties, brought about by choosing pore size distributions to enhance 

transport to the bead interiors, termed perfusion chromatography (Gustavsson et 

aL, 1998; Whitney et al. 1998; McCoy et al., 1996). POROS media (PerSeptive 

Biosystems, Framingham, MA, USA) is an example of this media, which has 

larger pores, termed throughpores or superpores that traverse the bead. Smaller
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pores branch off from the larger pores, in an attempt to improve overall mass 

transfer (Figure 3.1).

Figure 3.1: Comparison o f  conventional and perfusion chromatography.

Perfusion chromatogt'aphy strives to improve transport to bead interiors 

through the provision o f  superpores that form  an intraparticle network (after 

PerSeptive Biosystems, 2000).

Conventional
Chromatography

diffusive , 
pore structure

Perfusion
Chromatography

throughpore

diffusive 
pore structure

Several materials have found application as chromatography supports, though 

the majority of them are polysaccharide based: cellulose, agaroses and dextrans. 

These materials are extremely hydrophilic, and are amenable to a wide array of 

substitution chemistries via their abundance of free hydroxyl groups. Another 

large advantage is that in their un-substituted forms, they are predominantly 

exempt from non-specific adsorption and protein denaturing effects, which 

plagues inorganic matrices such as hydroxyapatite (Gorbunoff, 1985), silica and 

glass (Nakamura and Matsumoto, 1998). This has proven so important as to 

overshadow the requirement for mechanical strength, as polysaccharide matrices 

are relatively poor in this regard.

3.1.3 Types of chromatography for biomolecule purification

The range of chromatography operations has expanded commensurately with the 

array of individual property differences that can now be identified.
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3.1.3.1 Ion exchange chromatography

In native form, most globular proteins have conformations that concentrate their 

hydrophobic residues towards the interior of the structure, and distribute the 

charged, hydrophilic residues on their surfaces. The three-dimensional 

conformation assumed by the protein sterically determines which residues 

interact with the matrix (Chicz and Reigner, 1990). The basis of ion exchange is 

to promote interaction between these charged residues and oppositely charged 

ligands attached to the matrix. The selectivity of ion exchangers is lower than 

affinity columns (Section 3.1.2.3), although they are still the most widely used 

adsorbents, capable of resolving dozens of proteins when teamed with gradient 

elution (Scopes, 1984). There are two categories: anion exchangers (positively 

charged matrix) and cation exchangers (negatively charged matrix). Adsorbents 

within each class differ with respect to their ligand chemistry, and the density of 

adsorption sites. The commonest anion exchangers are diethylaminoethyl 

(DEAE) and quaternary amino ethyl (Q), attached directly to hydroxyl groups on 

a Sepharose matrix. Each of these ligands possesses a single positive charge. A 

key difference is that the Q ligand’s positive charge is non-dissociable, carried 

by a nitrogen atom, whereas the DEAE charge is carried by a proton which 

dissociates above pH 9.5 (Pharmacia, 1980). DEAE adsorbents are only partly 

charged at their neutral operating pH (7-8), and thus offer better resolution for 

protein mixtures.

Two of the most common cation exchangers use carboxymethyl (CM) and 

sulfopropyl (SP) ligands, both carrying a single negative charge due to a 

dissociated proton. Choice between them is driven by the desired operation pH. 

CM ligands are weaker exchangers, and protonate to neutrality below pH 4.5, 

where SP becomes more appropriate (Pharmacia, 1980; Scopes, 1993). 

Selectivity for any ion exchanger depends mostly on finding the correct balance 

of charge between the product, contaminants and the exchanger surface. This is 

achieved by choosing the ionic strength and pH that confer the greatest ionic 

attraction between the product and the exchanger.

48



3.1.3.2 Hydrophobic interaction chromatography (HIC)

While the density of hydrophobic residues at the surface of proteins is less than 

that for hydrophilic ones, it is sometimes sufficient to act as a basis for 

separation. The ligands involved in HIC are also hydrophobic, so the separation 

is based on the fact that hydrophobic species tend to associate with one another 

in aqueous environments (Zenin and Tyaglov, 1994). Operating at high ionic 

strength shields the charged support from non-specific ionic interactions, 

negating the effect of the hydrophilic residues. The commonest ligands are short 

aliphatic chains (C4 to Cio), or a phenyl group, attached to free hydroxyl groups 

on a Sepharose support (Gelsema et aL, 1984; Brandts et aL, 1986; Zenin and 

Tyaglov, 1994). Reverse phase adsorbents used in high performance liquid 

chromatography (RP-HPLC) typically employ longer chain lengths (Cg - Gig) 

(Peyrin et aL, 1997). Adsorbed proteins are eluted from the matrix by a step 

reduction in column ionic strength.

3.1.3.3 Affinity chromatography

Affinity techniques exploit the most specific interactions, and therefore enjoy the 

highest selectivity. The most powerful exponents are the immunoadsorbents, 

where the ligand is an immobilised antibody raised against the product to 

interact with a single epitope on the product’s surface (Secher and Burke, 1980; 

Dunbar and Schwoebel, 1990). Some are highly selective for particular proteins, 

while others target particular groups of proteins. Pseudo-affinity matrices 

exploit specificities that do not necessarily involve natural sites on the protein 

molecule. Purification factors in the thousands have been reported (Bonneijea et 

aL, 1986). Less specific interactions are also exploited, for example, zinc (II) 

and copper (II) ions are capable of co-ordinating with tryptophan, cysteine and 

histidine residues on protein surfaces. Immobilised metal ions can afford very 

selective operation, which occurs independently of ionic strength (Willoughby et 

aL, 1999).
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3.1.3.4 Gel filtration chromatography

Gel filtration (Porath and Flodin, 1959) is a technique that separates mixtures of 

molecules according to molecular size. The media is an open, cross-linked 

three-dimensional molecular network, cast in bead form to facilitate easy column 

packing. The beads are similar to those used in adsorption chromatography in 

that they are porous, except that they are mostly inert. Protein adsorption to 

Sephacryl S-200 media has been reported, thought to be due to hydrophobic 

rather than ionic interactions, and is controllable using buffer selection (Belew et 

aL, 1978). The pore size is such that very large molecules are unable to move 

inside the bead pores, which makes up the largest fraction of the bed volume. 

Small molecules move into the beads readily. Therefore, the large molecules are 

excluded into the smaller, external volume of the bed, and elute rapidly from the 

column. Small molecules have longer residence times and hence elute later. 

The technique is a major operation in industrial protein production, generally 

used towards the end of processes; often last (Dengler et aL, 1990).

3.1.4 Chromatographic performance measurement

The yield and purity of the final product are the fundamental measures of 

chromatographic performance. A common description of performance is the 

concept of a theoretical plate, which derives from the analysis of distillation 

column performance. Distillation columns contain a number of internal plates. 

As vapours rise, they cool, and finally condense to liquid on the plate surfaces. 

The plates are spaced equally, so they divide the column into sections of equal 

length. Vapour-liquid equilibrium governs the concentration of the solute, 

which is divided between the vapour and liquid phases. The separation process 

is assumed to act independently in every section, so they are collectively termed 

equilibrium stages.

Martin and Synge (1941) recognised a resemblance between distillation and 

chromatographic separation. Vapour-liquid equilibria are analogous to 

adsorption isotherms, which describe the partitioning of a solute between the 

liquid and solid phases. A chromatography column’s performance could be 

explained by dividing it up into a series of conceptual sections, termed
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theoretical plates (Lee et ah, 1993). Separation improves as the number of such 

plates increases. Explicitly, the height equivalent to a theoretical plate (HELP) 

is expressed as:

2 2

HETP = — ^  = - L  (Equation 3.1)
L

where A is the retardation factor, îr is the retention time, v is the interstitial fluid 

velocity, % is the standard deviation of the eluted solute concentration profile in 

column length terms, and L is the length of the bed (Giddings, 1965). The solute 

concentration profile is usually shaped like a single peak, and can be expressed 

in either time or volume units:

= <jjRv = (Equation 3.2)

where Q is the volumetric flowrate. Therefore:

HETP = (Equation 3.3)
h V,Q

where Vr  is the retention volume. The number of theoretical plates is simply the 

bed length, L, divided by HETP. A high number of plates (short HETP) 

produces sharp solute concentration profiles.

Several practical factors work towards dispersing solute fronts as they move 

through a column, thus increasing the value of HETP, and promoting poorer 

separation. Van Deemter et al. (1956) described dispersion in terms of plate 

heights:

H  = + f̂ dljusicn (EqUatioU 3.4)

which expresses the overall effect as the sum of three independent contributing 

factors. Mass transfer resistances are kinetic parameters that characterise the 

dynamic process of adsorption, and are dealt with in detail in Chapter 4. 

Hydrodynamic effects are characterised by the nature of fluid flow through and 

around the matrix particles, and are related to the physical dimensions of the 

particles, the packing geometry and other factors (Knox, 1982). The same
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factors also play a role in determining the effect of diffusion-related spreading 

(Van Deemter et aL, 1956). However, because large molecules like proteins 

have relatively low diffusivities, then the diffusion effect is usually small 

(Soriano, 1995).

3.1*5 Fouling of chromatographic matrices by biologically derived process 

materials

Chromatographic matrix fouling has received little quantitative attention in the 

literature. Where it is addressed, it is often done so retrospectively, as an 

attempt to analyse what has happened to a matrix through the course of 

processing (Johansson and Ellstrom, 1985; Petterson, 1989; Hearle, 1997). 

Foulants probably exert their effect in a number of ways: by contributing to the 

bulk fluid viscosity, promoting bed compression, or by physically attaching to 

the matrix itself (covalently or non-covalently), causing changes to column 

hydrodynamics and occupying adsorption sites normally available to the product 

molecules. There are numerous classes of foulants: proteins, lipids, nucleic 

acids, process additives (antifoams and other surfactants), cell debris, 

biosynthetic compounds (bacterial pigments, phenolics) and polysaccharides. 

Components can be present in soluble, colloidal or insoluble forms.

3.1.6 Descriptions of fouling mechanisms

Substantially more information is available describing fouling events in 

membrane systems, so proposed fouling mechanisms derive from this work 

(Herrero et aL, 1997; Boyd and Zydney, 1998; Maa and Hsu, 1998). Detailed 

fouling mechanisms are varied and complex, and their elucidation necessitates 

an in-depth knowledge of protein, colloidal and surface chemistry (Maa and 

Hsu, 1998; Maa and Hsu, 1996; Meagher, et aL 1996; Guell, et aL 1999; 

Yiantsios and Karabelas, 1998; Guell and Davis, 1996; Herrero, et a l 1997). 

Models for filter fouling are largely empirical and stem primarily from dead-end 

filtration observations. In membrane systems, the physical manifestation of 

fouling is the time dependent decline of trans-membrane flux. The accumulation 

of rejected feed components at the membrane surface, an effect called 

concentration polarisation, is thought to be responsible. This is initially caused.
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and further, exacerbated by fouling, when feed components become adsorbed to 

the membrane surface or plug its pores.

Four fouling mechanisms have been proposed: pore constriction, non-specific 

binding, shear-induced adsorption and hydrophobic surface-induced

aggregation/adsorption. Filtration laws assume that the pore volume decreases 

proportionally to the filtrate volume as materials are deposited on the pore walls, 

progressively narrowing the mean pore diameter (Hermia, 1982). The ineidenee 

of pore deposition can either be concentrated towards the column inlet, or be 

evenly applied over the entire length of the bed, depending on the nature of the 

foulants. Petterson (1989) contended that the majority of chromatographic 

matrix fouling actually occurs in the top 5-10 centimetres of a packed bed. 

Particle size is obviously important, as larger particles will tend to sterically plug 

pores, rather than gradually deposit on their walls. The rapidity and severity of 

back-pressure development in the column might reveal which mechanism is 

responsible.

Non-specific aggregation and adsorption is also a likely mechanism (Kuberkar 

and Davis, 1999; Kelly and Zydney, 1997) because most matrices carry 

attractive ligands. Johnson and Elimelech (1995) showed that the deposition of 

colloidal material onto packed beds of spherical collectors could be modelled 

accurately by the advection-dispersion equation for colloids, which describes 

colloid deposition as a function of axial position along the column.

Johnson and Elimelech (1995) showed that deposition of colloidal material onto 

beds of spherical collectors could be modelled accurately by the advection- 

dispersion equation for colloids, which describes the number concentration of 

colloidal particles as a function of axial position in the column z, fractional 

particle coverage 0, and time t.

dn d^n dn f  dQ 
dt  ̂ dz^  ̂ dz %ai dt

= —Y -V  -  — Y ~  (Equation 3.5)

The first term on the right hand side of the expression accounts for colloidal 

dispersion in the porous medium, where Dh is the hydrodynamic dispersion
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coefficient. Particle entrainment by the moving medium is accounted for by the 

second term, and the last term accounts for the dynamics of colloid particle 

collision with and retention by, the collector adsorbent particles.

Of most interest is the kinetics of particulate deposition, where the rate 

expression is:

æ
d t

= aKna^pnB(0)  (Equation 3.6 )

B(0) is the critical value to be determined by experiment, and is called the 

blocking function, ap is the bead particle diameter and a  and K  are constants. 

For Langmuirian kinetics, which best describes protein cliromatography, it is 

defined as:

0 - 0B(qj _  = 1 -  p0 (Equation 3.7)
m a x

where p and 0 max are the key model parameters, termed the excluded area 

parameter and the jamming limit, respectively (Johnson and Elimelech, 1995). 

These parameters were necessary for the model to describe what they observed 

using scanning electron microscopy: namely, that bead coverage was never 

complete, and was independent of axial position. All particles, over time, were 

subject to some upper bounded limiting coverage.

Hydrophobic surface-induced aggregation/ adsorption and shear-induced 

adsorption are less likely to be important in chromatography. Protein 

dénaturation and aggregation is strongly accelerated by the presence of air-water 

interfaces (Harrison et aL, 1998). Great effort is made to exclude these from 

chromatography systems by degassing the matrix and buffers prior to operation, 

and the installation of bubble traps upstream of column inlets (Bonneijea and 

Terras, 1994). Aggregation effects also occur at membrane (hydrophobic)-water 

interfaces within membrane systems. Chromatography supports are strongly 

hydrophilic, in contrast. Stream loading and elution steps in packed bed liquid 

chromatography are performed at low linear velocities (-30-150 cm.hr' )̂ so
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shear forces are probably too low to induce denaturation/aggregation at these 

interfaces (Kelly and Zydney, 1997).

3.1.7 Measuring fouling-induced performance changes using the 

technique of frontal analysis

Frontal analysis is a technique that studies the pattern of solute breakthrough 

when a stream of known solute concentration, cq, is fed continuously to a packed 

bed of adsorbent (Chase, 1984; Cooney, 1990 & 1993). When solute first enters 

the fresh column, the abundance of free adsorption sites binds all of the solute, 

so that the effluent stream has an initial solute concentration, c, of zero. The 

adsorption sites eventually start to saturate with solute, which means some solute 

actually traverses the entire length of the column without binding. This 

phenomenon is called breakthrough. If the process continues long enough, so 

that all the available adsorption sites are filled, all solute passes into the effluent 

unbound. At 100% saturation, the effluent solute concentration equals that of 

the feed (Figure 3.2).

Figure 3.2: Breakthrough curve for column chromatography. Until the 

breakthrough time, tb, is reached, absorption o f solute from the feed stream is 

complete (shaded region). Breakthrough observes sigmoidal dynamics, the 

effluent concentration eventually equalling that o f  the feed, when the column is 

completely saturated.

1

e

0
tb time
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Hearle (1997) used frontal analysis to diagnose fouling mechanisms in packed 

beds, feeding industrial disc-stack centrifuge-clarified and laboratory 

ultracentrifuge-clarified yeast homogenates to DEAE columns. Up to 10 x 2 mL 

volumes of homogenate were fed to 5 mL chromatography columns, using 

clean-in-place (CIP) sequences between fouling cycles. The breakthrough curve 

for BSA adsorption was not significantly changed by exposure to 

ultracentrifuged homogenate samples, even after 10 cycles of fouling. When the 

experiments were repeated with disc-stack centrifuged material (containing a 

higher particulate load), the breakthrough curve did shift, though in a manner 

that suggested an improvement in adsorption. Shaewitz et al. (1989) had 

previously reported that yeast cell wall debris is capable of protein fractionation 

by an ion exchange mechanism. Hearle concluded that debris particles, attached 

to the matrix as a result of fouling, had displayed a greater capacity than the 

clean DEAE column, for adsorbing BSA. Breakthrough times for the curves 

were relatively unchanged for both ultracentrifuge and disc-stack centrifuge 

experiments. Possible explanations for the similarity are that the fouling 

challenge had not been severe enough, or the CIP stages between cycles had 

been too effective. Kelley and Zydney (1997) have reported that biological 

foulants have great affinity with already-adsorbed impurities, giving rise to 

secondary membrane fouling. Nakamura and Matsumoto (1998) have also 

described successive fouling events, which have distinct effects on membranes 

with respect to mass transfer. Perhaps the applied volume in Hearle’s 

experiment had been insufficient to produce these effects in the cycling studies.

Hearle also examined the effect of loading larger volumes (up to 100 mL) of 

homogenate samples, which produced markedly different adsorption dynamics. 

The adsorption capacity of the column was seen to reduce with increasing levels 

of foulant exposure. In contrast to the fouling cycle experiments, breakthrough 

occurred much sooner because of fouling. During application, there was a 

transient increase in pressure drop over the column, which was explained by the 

fact that the foulant stream was more viscous than the equilibration buffer it 

displaced. It also indicated that most of the fouling had occurred internally 

within the beads, as if external fouling had occurred, then this should have
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interfered with convective flow to the extent that the pressure increase would be 

sustained over the course of feeding.

3.1.8 Objectives of this research

This Chapter addresses the problem of developing a standard fouling test from 

the rationale of observing differences in column performance before and after 

exposure to column foulants. Section 3.2.1 describes some preliminary 

experiments, which sought to modify the frontal analysis techniques of Hearle 

(1997), so that they could be applied as a generic test, measuring the fouling 

properties of any given process material. Section 3.2.2 extends from the 

speculative work of Section 3.2.1, to consider the application of an optimised 

frontal analysis method to analysing differently processed bacterial lysate 

streams. This Chapter lays the foundation of the procedure, which becomes the 

subject of more detailed analyses to be presented in Chapters 4, 5 and 6 .

3.2 RESULTS AND DISCUSSION

3.2.1 Development of a frontal analysis technique to assess 

chromatographic fouling

These experiments set out to develop a basic fouling test, using Hearle's (1997) 

frontal analysis method as a starting point. Hearle was careful to make the point 

that the results from the yeast homogenate-BSA-DEAE system were likely to be 

case-specific. In trying to standardise the method, the current study concentrated 

on three particular aspects of Hearle’s work: foulant loading conditions, washing 

cycles and CIP procedures; evolving an optimised method with generic utility. 

Some features were adopted with only small changes. Firstly, it was desirable to 

retain the use of an anionic matrix. These are more commonly used for primary 

capture steps, due to their relatively low cost and the fact that most 

macromolecules have net negative charges at neutral pH. Q-Sepharose was 

chosen because its positive charge is non-dissociable, making the solute-matrix 

interactions less sensitive to buffering conditions.
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3.2.1.1 Foulant loading conditions

Hearle (1997) fouled columns with clarified yeast homogenates and observed a 

transient increase in column pressure drop, which was attributed to the 

homogenate’s viscosity and the blockage of interstitial spaces by debris. 

Pressure responses and column hydrodynamics in general are dependent upon 

stream characteristics; viscosity in particular (Castells et aL, 1997). The current 

work sought to develop a generic method, applicable to as wide a range of 

streams as possible. It was important to examine pressure responses using 

process streams that posed more of a challenge, especially with respect to 

column pressure, than the clarified yeast homogenates had done. Yeast 

homogenate, 90% clarified on an ODôoo basis, produced the pressure response 

shown in Figure 3.3. The effect was transient, concurring with Hearle’s 

observations.

A more challenging test was to feed the same type of column (Q-Sepharose) a 

clarified bacterial lysate stream (Figure 3.4). Recombinant E. coli cells were 

treated with EDTA to disrupt their outer membranes, leaving the inner 

membranes intact. Clarification in a centrifuge removed these spheroplasts, 

creating a lysate that contained the fragments of outer membrane too small to 

have been separated, and the contents of the periplasmic space (Section 2.2.1.2). 

This lysate was used for the second chromatography experiment. Both 

experiments were conducted at a flowrate of 0.60 mL.min'^ which was the 

result of scaling down Hearle’s column conditions, based on maintaining a 

constant linear velocity. After the column had adjusted to the higher viscosity 

D1.3 Fv lysate stream, the pressure drop soon became more erratic, culminating 

in a large escalation of pressure, at which point the feeding was stopped, having 

fed approximately 12 column volumes of sample.

An important variable in the test was the volume of stream to be fed to the 

column. If the generic test is to compare the fouling properties of different types 

of streams, then the best means of standardising the procedure is to feed a 

standard, constant volume of material. Hearle had previously demonstrated that 

applying different volumes of disc-stack centrifuged yeast homogenate produced 

distinct frontal analysis breakthrough curves (Figure 3.5). Interestingly, the
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amount of solids apparently adsorbed by the columns in each case, was not 

proportional to the volumes added (Figure 3.6). As the foulant volume was 

stepped through 0 to 50 mL, the amount of material adsorbed showed a modest, 

though proportional increase. Substantially more adsorption took place using 

100 mL of sample, as if there had been a fundamental change in adsorption once 

the foulant exposure was extended beyond a certain point. One possible 

explanation was that exposures of 0 - 50 mL had been insufficient to cause 

secondary fouling events, analogous to those reported by Kelley and Zydney 

(1997) and Nakamura and Matsumoto (1998). Evidently, a large addition was 

preferable. The lysate experiment demonstrated that column pressure became 

problematic after only 12 column volumes of sample had been applied. Work 

concentrated on finding loading methods that would allow large amounts of 

sample to be added, while minimising or avoiding column pressure difficulties.

Reducing the sample addition flowrate to 0.3 mL.min’* did not avoid the 

pressure rise, only postponed it. On a volume basis, the pressure behaved 

similarly to that seen for the 0.6 mL.min'^ experiments, although the rise was not 

as sharp.

Figure 3.3: Pressure increase in Q-Sepharose HiTrap column, challenged with 

a supernatant prepared by centrifuging 280 g.L^ yeast homogenate to give 90% 

clarification. The conductivity trace is a record o f sample addition.
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Figure 3.4: Pressure increase in Q-Sepharose HiTrap column, challenged with 

a supernatant prepared by centrifuging D1.3 Fv lysate material at a Q /I  o f 3.81

X 10'^ ms'\ corresponding to 96.5% clarification. Flowrate o f 0.6 rnL.min'.- 1
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Figure 3.5: Frontal analysis breakthrough curves for DEAE columns

challenged with dijferent volumes o f disc-stack centrifuged yeast homogenate: 

#  Control, #  100 mL, A 25 mi, #  10 m l (after Hearle 1997).
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Figure 3.6: Apparent degree o f solids adsorption to DEAE columns challenged 

with varying amounts o f disc-stack centrifuged yeast homogenate (after Hearle, 

1997). Estimated error is 15%.
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Figure 3.7: Pressure increase in Q-Sepharose HiTrap column, challenged with 

a supernatant prepared by centrifuging D1.3 Fv lysate material at a Q/E o f 3.81 

X 10'^ ms-1, corresponding to 96.5% clarification. Flowrate o f 0.3 mL.min\
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The pressure rise when using clarified D1.3 Fv lysate was still sufficient to cause 

visible compression (< 1 mm) at the top of the bed, in a total packed height of 26 

mm. Once the flow was stopped, the pressure drop fell to zero, and the matrix 

relaxed back to its initial state, indicating that the compression was reversible. 

For the 1)1.3 Fv samples, compression seemed inevitable when loading large 

volumes.

The prospect of unavoidable column compression prompted a brief examination 

of its hydrodynamic consequences, to check the performance of reversibly and 

irreversibly compressed columns against fresh columns. A general observation 

from this series of experiments was that the irreversibility of compression 

depended on the pressure drops the columns experienced. Columns taken to 

pressures above 1.5 MPa, using D1.3 Fv lysate, did not recover fully from 

compression. Residual compression was approximately 5% of packed height. 

Residence time distribution (RDT) experiments using small pulses of NaCl were 

conducted, measuring the conductivity of the column effluent (Figure 3.8).

Packed bed columns ideally operate in plug flow. When the small volume of 

NaCl was applied to the column inlet, it can be visualised as forming a narrow 

band. If ideal plug flow conditions prevail within the column, then there is no 

back-mixing. Ideal conditions are rarely met in practice, so back-mixing causes 

the width of the NaCl band to increase as it traverses the length of the column. 

The conductivity trace shows NaCl exiting the column as a peak (Figure 3.8), 

and is a measure of the degree of flow ideality. As flow conditions stray further 

from ideality, the NaCl peak becomes shallower and more spread out.

A column that had been compressed at 1.0 MPa was allowed to relax for 30 min; 

sufficient time to allow the matrix to return to its initial bed height. RTD traces 

for this column were similar to those measured for fresh columns, suggesting 

that flow conditions had not been significantly altered by compression. In sharp 

contrast, irreversibly compressed columns gave poorer RTD results, suggesting 

that compression had brought about deterioration in hydrodynamic performance. 

The result of these experiments was the recognition that pressure was an 

important parameter to monitor during stream application, and a 1.0 MPa limit 

was then enforced during feeding. Further, the test assumes that as long as the
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pressure limit is observed, the hydrodynamic performance of un-compressed and 

reversibly compressed columns are the same, so that breakthrough curve 

differences between them are solely due to the effects of fouling. When flow 

was interrupted due to pressure, then rested back to its initial state, in most cases 

flow could be re-introduced to the colunm without a recurrence in pressure 

development. Figure 3.9 shows a pressure trace for such an experiment. On the 

resumption of flow, back pressure actually decreased for a short period, before 

starting to rise once more towards the end of the 50 mL addition. As fouling 

progressed, the pressure drop became increasingly unstable, though the column 

was able to process 50 mL in most cases.

Figure 3.8: Residence time distribution results fo r  columns, using 1.5 mL pulses 

o f IM  NaCl in a carrier feed stream o f 20 mM BISTRIS buffer. M  reversibly 

compressed column (1.0 MPa); O  irreversibly compressed column (1.7 MPa); 

O irreversibly compressed column (2.0 MPa).
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For D 1.3 Fv lysate sam ples w hich were not as w ell clarified, further addition  

after resting was not possible without again reaching the 1.0 M Pa limit. In cases 

where the 50 mL could not be loaded, the stream w as considered too fouling to 

give a reliable response. In these cases, the fouling test was perfonned using 

diluted streams, w hich is addressed in Chapter 6.

Figure 3.9: Pressure trace for extended fouling o f a Q-Sepharose HiTrap 

column, challenged with a supernatant prepared by centrifuging D1.3 Fv lysate 

material at a Q/S o f 3.81 x 10'^ ms'^. Flow was stopped when pressure 

exceeded 1.0 MPa, the column then allowed to relax back to full packed height 

(30 min). Flow resumed at 0.3 ml. min \  allowing 50 mL to be processed. 

Conductivity trace is a record o f sample addition.
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3.2.1.2 Fouled-column washing conditions

The previous section explored issues connected with loading the fouling stream 

onto the test column. The frontal analysis test is then used to study the 

adsorption of BSA to these fouled columns. As the matrix (Q-Sepharose) was 

ionic, and the feed streams were certain to contain proteins and other molecules 

capable of ionic interaction, specific adsorption was inevitable. The adsorption 

sites thus occupied would have to be stripped of ionically adsorbed species, so 

the full column capacity would be available to the BSA during jfiontal analysis. 

If some species remained non-specifically attached to the column after washing, 

they were considered as the intractable foulants, whose effects were most of 

interest. Specific ionic interactions were overcome by washing with a linear 

NaCl gradient. Monitoring the A280 of the column effluent during the washing 

procedure confirmed that some bound species are indeed eluted. Figure 3.10 

shows sample conductivity and A280 traces for the foulant application and 

column washing procedures. As a linear salt gradient is applied, there is a strong 

A280 peak exiting the column.

Figure 3.10: Sample conductivity (solid) and A280 (dotted) traces illustrating 

foulant application and column washing steps in frontal analysis. Clarified 

D1.3 Fv sample is loaded step-wise, followed immediately by a linear 0-1M  

NaCl gradient. The column is then desalted prior to frontal analysis.
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Before BSA is loaded to the column and the breakthrough curve recorded, the 

column must first be de-salted, to allow ionic interaction between BSA and the 

matrix. The degree of washing became an issue when certain stream samples 

produced unexpected breakthrough curve results, as shown in Figure 3.11. The 

sample involved in this case was a filtered yeast homogenate stream.

Figure 3.11: Breakthrough curve result fo r column fouled with 50 mL filtered 

yeast homogenate. Solid line: A280 response for fouled column; Dotted line: A280 

trace for experiment repeated with lipid-depleted B SA ;^ A28O trace for control 

column ■  Protein concentrations for fouled column response. 0 - 1 M  NaCl 

gradient elution conditions.
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The breakthrough A280 trace suggested that some species were being eluted from 

the column before and during the BSA addition step. Protein analyses revealed 

that a normal breakthrough curve lay beneath the erratic A280 trace (Figure 3.11). 

One possibility was that the salt elution (0 - 1 M) had not been stringent enough. 

It was already clear that the material was not protein, as this would have been 

evident from the protein analyses. The experiment was repeated using 0 - 0.5 M 

and 0 - 2 M gradients, collecting the effluent A280 traces during washing, to 

check the quantities of material eluted (Figure 3.12). The areas under the peaks
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were calculated and compared, revealing that the quantity of eluted material had 

been the same in each case (Figure 3.12).

Figure 3.12: Bound-species elution profile for column fouled with 50 mL 

clarified yeast homogenate ( 0 - 2  M  NaCl gradient). The profile was the same 

for 0.5, 1.0 and2.0 MNaCl elution conditions.
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The BSA used in the experiment to this point had contained an unspecified 

amount of lipid. Another possibility was that the lipid in the feed had stripped 

adsorbed lipid or other non-protein foulants from the column (Bulmer, 1999). 

This indeed appeared to be the case, as repeating the experiments with lipid- 

depleted BSA (<0.01%) produced an Azgo trace which was free from the peaks 

illustrated in Figure 3.11, and agreed with protein concentration measurements 

for the effluent stream.

3.2.1.3 Summary of experimental procedure

Frontal analysis seeks to examine the performance of Q-Sepharose columns 

before and after exposure to a constant volume of process stream. The loading 

condition is 50 mL of sample, fed at the rate of 0.3 mL.min'\ During feeding, 

the column must not be exposed to pressure drops greater than 1.0 MPa. Below 

this pressure, matrix compression is reversible and RTD analyses reveal no
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significant adverse effect on hydrodynamic behaviour. A 0-0.5 M gradient NaCl 

washing step is sufficient to displace all ionic adsorbed species from the column. 

Lipid-depleted BSA negates the apparent stripping effect, which had produced 

erratic breakthrough curve results for certain samples.

3.2.2 Comparison of two bacterial lysate streams using frontal analysis

This section describes an application of the frontal analysis method, measuring 

the fouling properties of two bacterial lysate streams, involving the 1)1.3 Fv- and 

Fab’-expressing strains of E. coli. These materials would be expected to behave 

similarly in that they are both prepared by using the same lysis reaction to 

degrade their outer membranes, leaving their spheroplasts intact (Sections

2.2.1.2 and 2.2.1.3). Their clarification using a centrifuge produced supernatants 

containing fine outer membrane debris, and the contents of the cells’ periplasmic 

spaces. Centrifugation was conducted using different conditions, to produce 

D1.3 Fv and Fab’ supernatants of varying clarity. The aim was to verify that the 

frontal analysis technique could detect changes in fouling properties as a 

function of clarity, and moreover, identify fouling differences between the two 

different lysates.

Figure 3.13 shows breakthrough results for columns fouled with D1.3 Fv 

supernatant samples, prepared by centrifuging at Q/S = 8.67 x 10 m s'\ 5.79 x 

10 ms'^ and 3.81 x 10 ms'^ (see Section 7.1.2-3 for centrifugation 

background theory). The corresponding clarities achieved were >99.95% 

(represents the ideal clarification obtainable in the laboratory), 99.0% and 

96.5%, respectively. Each of the highly clarified samples caused shifts in the 

breakthrough curve, in terms of both breakthrough time (lateral position) and 

shape. The slope of the steep sigmoidal increase reflects the rate of solute 

adsorption (Figure 3.13). If adsorption is rapid, then column saturation is fast, 

and breakthrough is steep. The large differences in breakthrough time for 

supernatants produced at different Q/S may be because the void fraction has 

decreased due to fouling. Two conditions could have brought this about: the 

presence of solids, built up between and/or inside particles; or physical 

compression of the matrix itself. Pressurisation and compression did occur
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during sample application, though is unlikely to be responsible for early 

breakthrough in light of the RTD results described above, given that column 

pressure drop never exceeded 1.0 MPa, and compression was reversible. The 

>99.95% clarified material produced a curve similar to that observed by Hearle's 

(1997) cycling experiments using disc-stack centrifuged material, in that the 

fouled column appeared to have an improved capacity because of fouling. As 

noted earlier, foulant attachment may be either/both internal or external to the 

bead. One explanation for the apparent improvement in adsorptive capacity is 

that the particles within the more clarified feed had greater access to the bead 

interiors, reaching a greater proportion of adsorption sites. In contrast, more 

poorly clarified streams resulted in a greater degree of external adsorption, so 

that access to the interior was to some extent blocked, and early breakthrough 

was the consequence. Evidence for steric plugging of the matrix is mixed. The 

observed pressurisation suggests that this occurred. Had this been the case, 

however, then the column should have performed a “clarification” on the feed 

stream, yet there was no difference between feed and effluent streams on an 

ODôoo basis.

Figure 3.13: Breakthrough curves for D1.3 Fv supernatants, produced by 

centrifuging D1.3 Fv lysate at Q/Z =8.67  x 10 ms'^ (O), Q/E -  3.81 x 10 

ms'^(O), Q/E =5.79 x 10 ms'^ (A  ); ( 4)  control response (unfouled).
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The test was investigated further by considering another material: the lysate 

prepared from the Fab’ system (Figure 3.14), using another strain of E. coli. The 

lysates were prepared by centrifuging at the same conditions used for the D1.3 

Fv work. In this system, the cleanest stream also produced a breakthrough curve 

suggesting improved adsorption. Similarly, the less clarified streams produced 

earlier breakthrough events.

Figure 3.14: Breakthrough curves fo r  Fab ’ supernatants, produced by 

centrifuging Fab ’ lysate at Q/E =8.67 x 10 ms'^ (O), Q/E = 3.81 x 10 ms' 

(̂D), Q/E= 5.79 X 10~^ ms'^ ( ^ ) i  ( control response (unfouled).
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As the degree of clarification decreased, the differences in fouling properties 

between the two lysates became more pronounced. At 99.5% clarity, the 

performance of each material was similar in terms of breakthrough, however the 

Fab’ response was slower to reach saturation, suggesting that mass transfer 

became more difficult towards the end. This phenomenon is called tailing, and 

signifies an increased resistance to diffusion processes within the adsorbent 

particle (Cooney, 1990). In these systems, the solute and mobile phases are the 

same: a 2 mg.mL'^ preparation of BSA in buffered aqueous solution, passing 

through the column at a constant flowrate. The variable factor is the column 

itself, by virtue of having been fouled by a different material (D1.3 Fv or Fab’). 

Exposure to each material affected the column in a unique way, visualised as the
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difference in breakthrough dynamics achieved in each case. For the 99.5% 

clarified samples, there appears to be a qualitative difference in the effective 

difhision characteristics of the column, because of fouling.

At clarities of 90% and lower, the differences in the responses were much larger, 

with respect to both breakthrough time and the rate of breakthrough, once 

established. Premature breakthrough indicates a failure of solute to reach the 

bead interiors, where the largest fraction of adsorption sites exists. Either a large 

resistance to diffusion itself, or the physical plugging of the bead pores would 

explain such failure. As the solute-solvent system is the same, it is more likely 

that plugging or other form of steric hindrance was responsible for early 

breakthrough in columns fouled by the D1.3 Fv material. Therefore a possible 

explanation of the results is that the foulants present in the D1.3 Fv material 

were more potent in attaching to the bead surfaces, and that such attachment was 

sufficient to hinder the passage of BSA to the matrix bead interiors. Another 

explanation is that the D1.3 Fv material simply possessed more foulants capable 

of penetrating into the bead interiors and adsorbing there, in a manner that was 

refractory to column washing procedures, which exercised a competitive binding 

effect that excluded BSA and caused early breakthrough.

3.3 CONCLUSIONS

This work summarises the development of a fouling test aimed at quantitatively 

describing and comparing the fouling nature of bioprocess streams. In devising 

an optimised method for foulant application, it became clear that even at low 

flowrates, some streams caused pressure rises and matrix compression. It 

appears that column damage is negligible if operation is restricted to < 1.0 MPa 

for the system examined, verified by RTD experiments on reversibly 

compressed columns. The method was used to analyse streams derived from 

bacterial cell lysates. Frontal analyses suggested that fouling mechanism was a 

function of the centrifugation conditions used to prepare the fouling stream. A 

consistent hypothesis is that the particles present in well-clarified streams have 

greater access to matrix bead interiors, than do the presumably larger particles of 

less clarified streams. Breakthrough curves provide a snapshot of mass transfer
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processes governing the adsorption of solutes to the matrix phase. A detailed 

understanding of the mass transfer processes within fouled columns is required, 

to supply more evidence on the fouling mechanisms at play. Chapter 4 explores 

the technique of fitting mathematical models to fouled-column breakthrough 

curve data, facilitating the calculation of mass transfer coefficients and other 

parameters. A more detailed kinetic understanding of fouling should permit a 

more accurate appraisal of fouling mechanisms.
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4.0 MATHEMATICAL MODELLING OF PACKED-BED ADSORPTION 

CHROMATOGRAPHY TO CALCULATE KINETIC PARAMETERS 

FOR FOULED COLUMNS

4.1 INTRODUCTION

Adsorption in fixed-bed columns is a complex phenomenon to describe 

mathematically. The process is governed by a number of factors: strongly non

linear adsorption equilibria, interference effects from contaminating species that 

compete with product for free adsorption sites, mass transfer resistances in both 

liquid and solid (matrix) phases, and hydrodynamic effects such as axial 

dispersion. The frontal analysis test described in the previous Chapter showed 

that fouling had evidently changed the adsorption characteristics of the columns 

used. Those changes may be attributable to one or all of the above factors.

This Chapter aims to describe breakthrough phenomena with the use of 

mathematical models. Section 4.2 discusses the advantages and disadvantages 

of existing adsorption models. Section 4.3 describes a model that allows an 

approximate analytical solution, enabling the calculation of both liquid-phase 

and solid-phase mass transfer coefficients. Breakthrough curves for several 

fouled columns are analysed in Section 4.4, which uses the model to evaluate the 

kinetic changes due to fouling.

4.2 EXISTING MODELS FOR PACKED-BED ADSORPTION

4.2.1 System equilibria -  adsorption isotherms

The analysis of adsorption processes is based on equilibria and dynamic mass 

balances. An adsorption isotherm is a graphical means of describing these 

equilibria. Isotherm examples are illustrated in Figure 4.1, in which the abscissa 

gives the solute concentration in the liquid, c, and the ordinate gives the solute 

concentration in the matrix, or solid phase, q. Isotherms that are concave 

towards the abscissa are termed “favourable”, because strong adsorption occurs 

at low liquid solute concentrations. If concavity is towards the ordinate, then the 

isotherm is termed “unfavourable”.
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Figure 4,1: Examples o f adsorption isotherms. Adsorption chromatography 

usually employs favourable isotherms, which are non-linear and curve 

downwards.

Freundlich

CT
.2 Langmuir

1
I
1

Solution Concentration, c*

The Langmuir isotherm is the most commonly used to describe the adsorption of 

proteins (Annesini and Lavecchia, 1987). Linear isotherms are rare, while the 

Freundlich isotherm is more suited to small molecule adsorption, such as 

steroids, hormones and antibiotics (Belter et al., 1988). The basic form of the 

Langmuir isotherm is:

K d + c
(Equation 4.1)

where qm and Kd are constants determined by experiment. This equation is the 

result of treating the adsorption event in the same manner as a chemical reaction: 

solute + vacant site <=> filled site. Classical chemical equilibria insists that:

K' = [solute] [vacant sites] 
[filled sites]

(Equation 4.2)

where K ’ is a constant. Because the total number of sites in the column is fixed 

(vacant + filled), then the expression is:
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[filled sites] = [total sites][solute] (Equation 4.3)
K' +[solute]

which is the same as Equation 4.1. Modelling in this Chapter concerns the 

adsorption of BSA to Q-Sepharose, an anion exchanger. The Langmuir isotherm 

has previously been shown to describe this system well (Skidmore and Chase, 

1988; Skidmore et al., 1990), so it is the model of choice for the experiments 

presented here.

4.2.2 Empirical models for solute breakthrough

Cussler (1984) describes an empirical two-parameter model for breakthrough 

analysis:

Co ~ 2
\ + erf (Equation 4.4)

Where to is the time at which the effluent concentration is half the feed 

concentration cq and c5to is the standard deviation, a measure of the curve’s 

slope. The model can be used to fit experimental breakthrough data, evaluating 

to and a, parameters than enable the prediction of column performance under 

different conditions to those used experimentally. The great advantage of 

empirical models is that once the parameters are calculated from one 

experiment, they can be applied to simulate the system’s response to other 

conditions. Their application is therefore only case-specific: parameters 

calculated for one system will not apply to others. They contain no fundamental 

mechanistic information about the adsorption process.

4.2.3 Film and pore diffusion models for breakthrough curves

Models become more complicated as the number of variables is allowed to 

increase. In some situations, it may not be important, or even possible, to 

measure all the quantities needed by a rigorously detailed model. Modellers 

solve this problem by assuming that each process involved in adsorption, such as 

the mass transfer resistances and dispersion effects, can each be described by 

constants. Further, they assume that some groups of constants can be lumped
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together into one parameter that summarises an overall effect, which simplifies 

the model. Often, as parameters are lumped together, information is inevitably 

lost, and the quality of the model’s predictions can suffer.

Chase (1984) described a semi-empirical model, which stems from equilibrium 

theory. This model developed the adsorption “reaction” equilibria concept to 

include association and dissociation constants, ki and k_i. The kinetic 

relationship for equilibria is the linear driving force rate equation:

^  (Equation 4.5)
at

An analytical solution of Equation 4.5 describing c = f(t) has been used 

successfully to predict protein adsorption to affinity adsorbents (Chase, 1984).

Film and pore diffusion models are more rigorous, accounting for all the 

controlling effects. Skidmore et al. (1990) developed a model of this type, 

making the following assumptions. Solute diffusion is described by an effective 

pore diffusivity Ds, which is assumed to be independent of concentration. Mass 

transfer to the surface of the particles is controlled by an external film mass 

transfer coefficient kj. The adsorption reaction is described by reversible second 

order kinetics, is isothermal and fits the Langmuir model. Surface diffusion, 

where solute migrates unbound from one adsorption site to another without re- 

entrainment in the liquid phase, is ignored. The particles themselves are 

assumed to be spherical, and uniform in size and density. Ligand groups are 

assumed to be evenly distributed throughout the particles. Axial dispersion is 

also ignored.

Within a particle, the point concentration is given by:

(Equation 4.6)

where s is the particle porosity, qi is the point concentration of adsorbed solute 

and r the radial co-ordinate within the particle. The rate of mass transfer through 

the external fluid film relates the bulk liquid concentration, c, to the 

concentration in the pore liquid at the surface of the particle:
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ôr r=R

kf
( c - c , ) (Equation 4.7)

r=R

For a packed bed, the equation of continuity in the fluid phase is

d  c  d c  d c
—  = —
ÔZ d z  d t

- v — -R^  = —  (Equation 4.8)

where Dy_ is the axial dispersion coefficient, z  is the axial co-ordinate along the 

bed, V is the interstitial velocity of the liquid and R\ is the rate of interfacial mass 

transfer, in turn calculated by:

(Equation 4.9)

Foo and Rice (1974) provide a correlation to estimate the value of ^ i n  packed 

bed operations:

]_ I
Sh = 2 + lA5Re^ Sc^ (Equation 4.10)

where Sh = kjd/DAB, Re = vpd/ju, Sc = ij/(pDab) and d  is the mean particle 

diameter, p and p are the fluid density and viscosity, respectively. Dab is the 

bulk fluid diffusivity of the solute, estimated from the semi-empirical equation 

of Poison (1950):

=9.4x10’’̂ -----— i/T (Equation 4.11)

where T is the absolute temperature and Ma is the molecular weight of the 

solute. Skidmore et al. (1990) used Equations 4.10 and 4.11 to estimate Ds and 

^ fo r  a BSA-cation exchanger system, enabling solution of Equation 4.6 using a 

finite difference method, yielding predicted breakthrough curves c = f(t). The 

model gave an accurate prediction of the early phases of adsorption, though its 

agreement with experimental observations deteriorated towards the end of the 

process. The experimental data was asymmetric, in that rapid initial adsorption 

was observed, yet the response took a disproportionately long time to reach 

100% breakthrough. This was explained by hypothesising that internal diffusion 

for BSA was hindered; that adsorption in the outer regions of the beads had been
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fast, however transport to the centre was retarded. The values of Ds and qm were 

altered in attempts to improve the degree of fit, though were unsuccessful. 

Perturbations around the original ^estimate were not considered.

Models like that developed by Skidmore et al. (1990) are solved numerically to 

provide a plot of c versus t values that satisfy the set of partial differential 

equations 4.6 - 4.9 (Kaczmarski et ah, 1997). They do not provide an analytical 

solution, that is, an explicit relationship that describes c =f(t, Ds, k/...). The only 

general analytical solutions for non-linear isotherm systems is that of Thomas 

(1944) on which the earlier described work of Chase (1984) was based. Even 

then, the lumped-parameter rate law on which it is established does not 

adequately characterise systems in which both fluid and solid phase mass 

transfer coefficients are important.

4.2.4 Analytical solutions based on the constant pattern front assumption

Solute moves through a column as a concentration front. Rapid adsorption, like 

that for favourable isotherms, has a sharpening effect on the shape of this front. 

Mass transfer resistances, and dispersion effects (hydrodynamic and diffusional) 

tend to broaden these fronts. Under the constant pattern front (CPF) assumption, 

these two sets of forces are assumed to balance one another, so that the shape of 

the front does not change as it passes through the column. This situation is 

analogous to operating a distillation column at total reflux, or conducting 

countercurrent absorption using a 45® operating line. In CPF cases, an 

approximate solution to the detailed film and pore diffusion model can be 

obtained analytically, yielding an explicit relationship for the concentration 

profile (Rhee and Amundson, 1974).

Cooney (1990) developed a CPF solution method for favourable isotherms 

where both external fluid film and pore diffusion mass transfer resistances are 

important. The modelling procedure held that both resistances obeyed linear 

driving force rate laws:

^  {q̂  -  q) solid phase (Equation 4.12)
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^  = k^S^ic-c^  ) liquid phase (Equation 4.13)

R is the radius of the adsorbent particle and So is the ratio of surface area to 

volume for the particle (= 3/R for spherical particles). Cooney used the 

following relationship to describe Langmuirian adsorption {cf. Equation 4.1):

♦ _ (Equation 4.14)
1 + c^^

where #*is the amount of solute absorbed to the matrix in equilibrium with the 

liquid phase. Using a feed concentration c/, and introducing dimensionless 

quantities Y = q/çm, X  = c/cj, K  = q j c f , the Langmuir adsorption isotherm is 

rewritten in dimensionless form:

• (l + r\C f
Y = ----------  —  (Equation 4.15)

\ + Kj,CfX

The dimensionless rate equations are: 

dY 15 D
dt R'

( f - Y )  (Equation 4.16)

and —  = ^ ^ { X - X . )  (Equation 4.17)
dt K

Equating Equations 4.16 and 4.17, and observing that CPF conditions entails 

that % = Y (Cooney, 1965) gives:

1 1 ^ { Y . - X )  = ^ ^ { X - X i) (Equation 4.18)
R K

Using the Langmuir Equation 4.15, a relationship relating Xand is derived:

X .c,P(X , - X h
X  = X, + -----    (Equation 4.19)

(1 + ar.c /jf ,)
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where B = . The importance of Equation 4.18 becomes clear when

describing the overall breakthrough curve model, which must be solved for fas a 

function of X  only. For CPF conditions, Cooney shows that:

Z - = 2 -
s  +  (1 —

c v
J , „  _ (Equation4.20)

where Z is the axial co-ordinate down the column that moves with the solute 

front, and Z is the axial co-ordinate, measured from the column inlet. Setting Z 

= column length L, yields an explicit equation for the breakthrough curve:

f =
zV

Z + - ^  f, ^  , (Equation 4.21)
k A l { x , - x )

Equation 4.19 cannot be solved explicitly for If it could, then the result could 

be substituted directly into Equation 4.21 to allow the evaluation of the integral 

term and give the t =f(X) result. This problem was overcome by approximating 

the X  = f(Xi) relationship (Equation 4.19) with a polynomial expression 

X^ = aX  + hX^ + dX^ + ..., which was assumed to be monotonie (containing no

inflection points). Numerical solutions to these approximate curves (Cooney 

1993) compared very well with exact solutions, based on film and pore diffusion 

models, reported by Hand et al. (1984).

4.3 ADAPTATION OF AN ANALYTICAL CPF MODEL TO 

DESCRIBE FOULED CHROMATOGRAPHY COLUMNS

If the order of the polynomial substitution function is limited to three, 

X^ = aX + bX^ + dX^ then this allows an analytical solution to Equation 4.21 :

t = s  +  (1 — z ^ K

zv
L + - ^ I n ^ +  (Eq. 4.22)

j Jcj-Sq (2AX + b + y)(2AXQ + b — y)

where A = ( a - 1) and y = ^b^ -  A Ad  .

X q is the value of X  at which Z = 0, and its value is established by the centre of 

mass condition:
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^Xdt = |(1 -  X)dt  (Equation 4.23)
0  t '

where f' is the value of t at which X=Xo.

The ability to fit an analytical solution to experimentally measured breakthrough 

data allows the apparent values of Ds and kf to be determined. Previous 

adsorption modelling studies have not considered the importance of both 

resistances. This is valid for when the mobile phase is an aqueous buffer, 

presenting a negligible fouling challenge. An important hypothesis to be tested 

in this Chapter is that both resistances are important when the mobile phase is a 

fouling one. Fouling mechanisms can involve adsorption to both external and 

internal bead surfaces, so it is appropriate to consider both resistances. The 

important parameters in Cooney’s (1990) model are the Biot number, = 

kjR/KDs, and the group K/kjSo in Equation 4.22. The first group in Equation 4.22 

describes the lateral position of the breakthrough curve’s midpoint, whereas the 

group directly before the integral term describes the degree of spreading out in 

the curve (Cooney, 1993). Bi affects the relationship between X  and Xt, and 

influences the breakthrough curve’s symmetry.

The method for fitting the CPF solution to experimental data was an iterative 

procedure seeking to reconcile two sets of data. It was necessary to approximate 

the X-Xi relationship of Equation 4.19 with a third order polynomial. The 

polynomial coefficients are required for the analytical breakthrough curve 

expression. Equation 4.22. However, the polynomial could not be fitted without 

knowing the value of (3, the expression for which contains the essential 

parameters in Equation 4.22 {kf Ds, K). Therefore, the problem was a circular 

one. Because the breakthrough data X  = f(t) was known from experiment, the 

system could be solved iteratively until both sets of data converged 

simultaneously: Equation 4.22 with the experimental X  = f(t) data, and the 

polynomial coefficients converging with Equation 4.19. To start the procedure, 

initial estimates of kf, Ds, K  and the polynomial coefficients were required. The 

diffusivity of BSA was estimated using the correlation of Poison (1950) as 7.4 x 

10'  ̂cm^.s'\ The initial value for ^  was that reported by Skidmore et al. (1990)
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for BSA adsorption to S Sepharose FF media: 5.6 x 10 "̂  cm .s'\ The starting 

point for the polynomial expression were arbitrarily chosen as Xi = {a = 0, b = 

0, d = 1). The other quantities in Equation 4.22 were known or could be 

estimated. Column dimensions and flow conditions are listed in Section 2.2.2.4. 

The bed porosity was taken to be 0.35 (Skidmore et al., 1990).

The kinetic parameters were determined to serve two aims. The first was to test 

the hypothesis that both mass transfer resistances are important in the analysis of 

fouled-column adsorption processes. Comparing the value of Bi for fouled 

columns with previously published results for differently controlled adsorption 

processes (Hand et al., 1984) would accomplish this. The second aim was to use 

the coefficients to infer the fouling mechanism(s) for each fouled column.

4.4 RESULTS AND DISCUSSION

4.4.1 Breakthrough curve characterisation using D1.3 Fv and Fab’ 

process stream examples

Equation 4.22 was used to further examine the breakthrough behaviour for Q- 

Sepharose columns fouled with D1.3 Fv and Fab’ lysates (Sections 2.2.1.2 and 

2.2.1.3) respectively. The experimental breakthrough curves are shown with 

their respective model predictions in Figures 4.2 (D1.3 Fv samples) and 4.4 

(Fab’) samples.

The model provided a good description of the early stages of adsorption, though 

failed to predict the latter stages. Towards the end of the plot, the response 

tailed off, taking significantly longer than predicted to reach 100% breakthrough. 

There are several possible explanations for this. Firstly, choosing the Langmuir 

isotherm to model equilibria might have been inappropriate. Velayudhan et al. 

(1988) note that adsorbed BSA molecules actually interact with multiple sites on 

the matrix, rather than just one, as stipulated by the equilibrium reaction that 

defines the Langmuirian model. Gosling (1986) gave quantitative evidence for 

this, demonstrating that 10-15 moles of chloride are displaced for every mole of 

BSA adsorbed to DEAE derivatised ion-exchange resin.
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Figure 4,2: Model fitting results fo r  Q-Sepharose column fouled with D1.3

Fv lysate clarified at Q /F - 5 . 7 9  ><10 m s'\ The solid  lines represent model

predictions and the points denote experimental data.
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Figure 4,3: Model fitting results for Q-Sepharose column fouled with D1.3

Fv lysate clarified at Q/Z  = 3.81 x 10~^ m s'\ The solid lines represent model 

predictions and the points denote experimental data.
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Figure 4,4: Model fitting results fo r  Q-Sepharose column fouled with D1.3

Fv lysate clarified at Q /Z  = 8.67 x ]Q ms'  ̂ respectively. The solid lines

represent model predictions and the points denote experimental data.
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Figure 4.5: Result o f modelling the equilibrium X rX  relationship with a third

order polynomial equation for D1.3 Fv system.
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The Langmuir isotherm was verified experimentally, using small batch-wise 

adsorption experiments (Figure 4.6), where fixed amounts of matrix were 

equilibrated with BSA solutions of different concentration. The isotherm was 

determined by plotting the equilibrium solid and liquid phase concentrations 

against one another, and fitting Equation 4.1 to the results to determine qm and 

Kd.

Figure 4.6: Adsorption isotherm describing the adsorption o f  BSA to Q- 

Sepharose in the presence o f  20 mM BISTRIS buffer, p H  7.2, at room 

temperature. Data is mg BSA per mL o f Q-Sepharose resin plotted against the 

mg.mL'^ BSA in the solution, qm = 141.6 mgBSA.mV\ and Kd = 0.202 were 

determined using regression techniques.
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Additionally, because the protein adsorption literature has so overwhelmingly 

embraced the Langmuirian model, despite its limitations, (Skidmore and Chase, 

1988; Skidmore et al., 1990), no other model was considered in this study.

Hearle (1997) also noted a lag in breakthrough, and attributed it to the effect of 

column foulants actively absorbing BSA. Skidmore reported lagging responses 

for clean columns and proposed two explanations. Firstly, the tendency for BSA 

to form dimers in solution (Foster, 1977) may be enhanced by the high localised 

concentrations during packed bed adsorption. The authors verified this by using
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gel filtration to separate monomers and dimers present in the BSA they eluted 

fi"om their columns. The second explanation was that the diffusion kinetics had 

changed during the course of experiment.

Figure 4.7: Model fitting results for Q-Sepharose column fouled with Fab ’

lysate clarified at Q/E = 5.19 ^10 ms'\ The solid lines represent model 

predictions and the points denote experimental data.
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Figure 4.8: M odel fitting results fo r  Q-Sepharose column fouled with F ab’

lysate clarified at Q /E  = 3.81'^ 10 ms'^. The solid  lines represent model

predictions and the points denote experimental data.
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Figure 4.9: Model fitting results for Q-Sepharose column fouled with Fab’

lysate clarified at Q/E = 8.67^ 10 ms'\ The solid lines represent model 

predictions and the points denote experimental data.

I I

X

0.2 -

0.0
90  100 1 10 1 200 1 0 20 30 40 50 60 70 80

tim e (m In)

87



Figure 4.10: Result o f  modelling the equilibrium Xj-X relationship with a third 

order polynomial equation for Fab ’ system.
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4.4.2 Variation of model parameters to describe breakthrough data using 

the analytical breakthrough curve

The analytical solution to the breakthrough curve (Equation 4.22) contains two 

terms: the first defining the lateral position (a time-term) and the second 

specifying the curve’s shape ( a shape-term). The shape is considered from two 

perspectives: the degree of overall spreading out, and the curve’s symmetry. 

Variation of the model parameters was also investigated as a possible means of 

improving the degree of fit. The model was more sensitive to the values of K  

and fythan it was to changes D̂ . In terms of overall model convergence, K  and 

kf were determined fastest, analogous to the coarse tuning of a response, while 

Ds took longer to converge, more akin to a fine tuning parameter.

The only variable in the time-term is K, a dimensionless constant equal to qn/cj, 

or the fluid phase volume per solid phase volume. As Cf is a constant (2 mg.mL" 

)̂, then K  is effectively a measure of qm. All other variables making up the 

time-term concern column properties and operating conditions (porosity.
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velocity), which were constant. The columns used in each experiment were the 

same, so the actual value of qm (and hence K) had to be the same. As the foulant 

loading increased, the apparent value of K  decreased, suggesting that fouling 

had caused a reduction in the number of available adsorption sites, qm (Table 

4.1). As K  was decreased, breakthrough occurred earlier, because the reduced 

number of sites took less time to become saturated.

The shape term in Equation 4.22 is made up of two groups: the ^  term,

which is primarily responsible for the degree of spreading out, and an integrand, 

which describes the curve’s symmetry. The fundamental difficulty encountered 

when fitting the equation to experimental data, was that the model failed to 

predict the extent of asymmetry, which is strongly linked to the integrand part of 

the shape-term.

The integrand expression’s effect on symmetry is simply the result of the fact 

that it, in turn, is determined by the adsorption equilibria. Its constituent terms 

are the coefficients of the polynomial that was used to approximate the 

Langmuir isotherm (Equation 4.19). Incidentally, once these coefficients were 

determined for one set of data to converge, only very small (<1%) changes were 

necessary for the model to converge using other sets of data. Therefore, the 

general form of the integrand was nearly constant. The chief source of variation 

was in the parameter X q, a limit used in calculating the integrand. Physically 

speaking, X q is the value of X  at the breakthrough curve’s centre of mass. For a 

perfectly symmetrical curve, Xq -  0.5. Therefore, asymmetry increases as the 

value of Xo tends towards 0 or 1. Another description of symmetry is the Biot 

number, Bi = kjR/KDs (Cooney, 1993), which is a diagnostic dimensionless 

group that reflects the balance struck between the external fluid film and internal 

diffusion mass transfer resistances. Bi is generally larger for asymmetric curves. 

Ds appeared to exercise its effect on curve shape mostly through its relationship 

to equilibria as part of the P term in Equation 4.19.
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4.4.3 Modifying the model to account for time-dependent effective

diffusivity (Ds)

Skidmore et ah (1990) found that the pore diffusion model also failed to 

describe the latter stages of BSA adsorption to ion exchangers. They attributed 

the discrepancy between predicted and measured results to a time-dependent 

reduction in the internal diffusion coefficeint, Ds. Ahmed and Pyle (1999) 

reported direct visualisation of a BSA-dye conjugates, having bound to a 

Express lon-Q (a quaternary amine anion exchanger), using confocal laser 

scanning microscopy. Their study showed that BSA bound preferentially to the 

matrix surface. In the present experiments, the initial stages of adsorption were 

rapid, presumably involving the bead exteriors and the outer regions of the pore 

volume. Access to the deeper pore volume appeared to become restricted over 

time. This view is supported by the fact that as the level of foulants increased 

(higher Q/Z = lower relative centrifugal force = higher particulate loading) the 

external fluid film resistance, kf, also increased. The hypothesis of variable Ds 

was tested further by allowing Ds to change as a function of time according to 

the simple empirical relationship:

A  = (Equation 4.24)

where Ds,o is an initial value of Ds and A: is a decay constant. The curve fitting 

procedure was repeated, this time over the complete data range. Each of the new 

simulations used the corresponding Ds values (Table 4.1) as Ds,o-

The modified model gave a better account of the total breakthrough experiment 

(Figures 4.6 and 4.6 for D1.3 Fv and Fab’ cases, respectively). Moreover, 

obtaining these fits required only small alterations to the other parameters: ^an d  

K. In some cases no change was necessary at all. This strengthens the argument 

for the case that the time-dependent lag was due to changes in Ds only. There 

was only very small variation in the value of the decay constant k, ranging 

between -0.005 and -0.007, though this actually corresponds to a substantial 

variation in Ds. As a typical example, for the most clarified Fab’ sample, the 

initial A  was 6.20 x 10 '̂  cm^s'\ Towards the end of breakthrough, at r = 108
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- 7min, the effective diffusivity had fallen to nearly half this value (3.12 x 10 

cmV^).

Figure 4.11: Variable Ds modelling results fo r columns fouled with a D1.3 Fv 

lysate stream clarified at Q/E =5.79 ^10'^ ms'^. The broken lines represent the 

modified model predictions, a marked improvement on the constant Ds model 

(solid lines). The points denote experimental data.
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Figure 4.12: Variable Ds modelling results for columns fouled with a D1.3 Fv 

lysate stream clarified at Q/E = 3.81 >^10'^ms'\ The broken lines represent the 

modified model predictions, a marked improvement on the constant Ds model 

(solid lines). The points denote experimental data.
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Figure 4.13: Variable Ds modelling results fo r columns fouled with a D1.3 Fv 

lysate stream clarified at Q/E ̂ 8 .67 >^10'^  ̂m s'\ The broken lines represent the 

modified model predictions, a marked improvement on the constant Ds model 

(solid lines). The points denote experimental data.

0.6  -

0 . 2  -

0.0
30 35 55 60 65 7025 40 45 50

time (min)

Figure 4.14: Variable Ds modelling results for columns fouled with a Fab' 

lysate stream clarified at Q/E =5.79 xlO'^ ms'^. The broken lines represent the 

modified model predictions, a marked improvement on the constant Ds model 

(solid lines). The points denote experimental data.
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Figure 4.15: Variable Ds modelling results for columns fouled with a Fab’ 

lysate stream clarified at Q/E ̂  3.81 x 10~^ ms'\ The broken lines represent the 

modified model predictions, a marked improvement on the constant Ds model 

(solid lines). The points denote experimental data.
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Figure 4.16: Variable Ds modelling results for columns fouled with a Fab’ 

lysate stream clarified at Q/E =8.67 x JO ms'\ The broken lines represent 

the modified model predictions, a marked improvement on the constant Ds model 

(solid lines). The points denote experimental data.
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4.4.4 Mass transfer implications from fouled-column kinetic results

A precise description of the early events was considered more valuable than an 

overall fit of poorer quality. The kinetic quantities reported in this Thesis are the 

results of fitting the un-modified analytical solution of Equation 4.22. Table 4.1 

reveals some general trends. Recall that the samples were prepared differently, 

by centrifuging them at different relative centrifugal forces. In Table 4.1, the 

data is arranged, top to bottom, from the most clarified sample to the least.

Table 4.1: Kinetic parameters describing experimental breakthrough data for  

columns fouled by D 1.3 Fv and Fab ’process streams.

Centrifugal conditions 10"' x k f K 10'^ ^Ds Bi

10*" X  Q/2 (ms ‘) -1
CtfLS ( - ) cm^ s'^ ( - )

D1.3 Fv Sanples
8.67 3.20 59.0 5.00 0.50

38.10 4.08 33.2 6.88 0.62
57.90 4.21 35.5 7.74 0.72

Fab' Sanples
8.67 6 .0 0 65.3 6 .2 0 0.87

38.10 5.98 51.3 2.90 1.87
57.90 4.30 49.1 2.87 1.85

Hence, for the D1.3 Fv samples, lower clarification increased both ^ an d  Ds and 

decreased the apparent value of K. The Biot number increased slightly. Figure 

3.12 from the preceding Chapter revealed that breakthrough came much later for 

the column which was fouled with the most highly clarified D1.3 Fv sample. 

The times corresponding to 10% breakthrough have been included in Table 4.1. 

The apparent values of K  correlate well with breakthrough times, for both sets of 

samples.

Bi for the fouled-column breakthrough curves ranged from 0.5 - 1.85. Hearle 

(1997) used the pore diffusion models of Horstmann et al. (1989) and Skidmore 

et al. (1990) to fit experimental breakthrough data for DEAE columns fouled 

with yeast homogenate. A ^/= 5.3 x 10'  ̂ cm.s'* was assumed. Ds appeared to



range from 0.85 - 1.0 x 10'  ̂cm^s'\ Bi for these experiments ranged from 1.79 - 

2.11. Hand et al. (1984) reports that Bi < 0.5 indicates reasonably complete 

dominance of the external fluid film resistance, kf, in controlling mass transfer. 

The same authors insist that internal diffusion assumes the controlling role for 

cases where Bi > 30. Cooney (1993) stipulates that for cases where 0.5 < Bi < 

25, both mass transfer resistances can be considered important. The apparent Bi 

range for the present study suggests that that this is the case for fouled columns.

4.4 Conclusions

In this Chapter an approximate analytical equation for adsorption breakthrough 

was implemented to characterise the adsorption of BSA to fouled Q-Sepharose 

columns. The model provided good predictions of early breakthrough events, 

but underestimated the degree of asymmetry in fouled-column results. A better 

fit was obtained by making an empirical modification to the equation, allowing 

the internal diffusion mass transfer coefficient, Ds to decrease as a function of 

time. Using the model in un-modified form allowed the calculation of mass 

transfer coefficients kf and Ds and the kinetic parameter K, which reflects the 

total number of adsorption sites available for binding. K  correlated strongly with 

the timing of breakthrough, however the changes in of kf and Ds values did not 

follow this pattern in all cases. The Biot number, which reflects the balance 

between ^ a n d  Ds, ranged between 0.5 - 1.85, indicating that neither resistance 

exclusively controlled mass transfer. It is therefore likely that both resistances 

are important when evaluating mass transfer events in fouled colunms.

The results presented in the last two Chapters have demonstrated that the 

technique of frontal analysis can be used to study the capacity of foulant- 

containing streams for altering the mass transfer characteristics of 

chromatography columns. Mathematical modelling is a tool that allows deeper 

investigation of these effects, enabling their quantitative estimation. The 

following chapters address the problem of relating these observations to process 

performance, relating measured values of kf,Ds K  and Bi to chromatographic 

yield and purity.
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5.0 APPLICATION OF FRONTAL ANALYSIS TO THE 

CHARACTERISATION OF PROCESS PERFORMANCE - 

PURIFICATION OF ALCOHOL DEHYDROGENASE FROM 

BAKERS’ YEAST

5.1 INTRODUCTION

Fouling of chromatographic systems is a serious problem in processing 

biological materials. There is a need for a fast scale-down method to assess its 

impact on alternative process routes. The inclusion of solid-liquid separation 

and other operations, which remove contaminants and foulants, protects 

chromatographic systems. The extent and method of protection (eg. solids 

removal) required to minimise the effects of fouling is an important variable in 

overall process design, as the designer faces a trade off between under- and over

treating the stream. With the former, the consequence is the impairment of an 

expensive downstream chromatography operation. Alternatively, an over

specified upstream sequence will require expensive capital equipment, such as 

centrifuges and filtration equipment, which may prove superfluous or of 

unnecessary capacity.

In this Chapter the frontal analysis fouling test is applied to an example of 

process analysis: studying several different processes, all of which purify alcohol 

dehydrogenase (ADH) from bakers’ yeast. The processes all begin with cell 

disruption using high-pressure homogenisation. Each process ends with a 

capture chromatography stage using a HIC matrix (Section 3.1.3.2), which has a 

high capacity for binding ADH, which is significantly hydrophobic. Therefore, 

all process variation lies in the selection of the intervening protective operations, 

which here include centrifugation, guard filtration, microfiltration and a 

flocculation step. Section 5.2 provides further description of the different 

process sequences examined in this Chapter.

Section 5.3.1 assesses the fouling properties of the streams coming from each of 

the different purification sequences described in Section 5.2, using the

96



experimental procedures of Chapter 3 (frontal analysis tests using Q-Sepharose 

columns) and the mathematical techniques of Chapter 4. This enables the 

calculation of mass transfer resistances and other kinetic parameters that control 

adsorption in each of the columns after having been fouled by each of the 

streams of interest. Section 5.3.2 assesses the chromatographic performance 

achieved by each of the same streams studied in Section 5.3.1, calculating the 

yield and purity of ADH produced by each. The results demonstrate that the 

choice of unit operation has a significant effect on HIC performance. Section

5.3.3 then takes the fouling properties of Section 5.3.1 and the performance data 

of Section 5.3.2 and compares these two sets of data side by side, identifying 

correlations relating them to one another. The fouled-column kinetic parameters 

are discussed with reference to the HIC performance results, identifying the 

likely fouling mechanisms.

5.2 EXPERIMENTAL SYSTEM: PURIFICATION OF ADH FROM 

BAKERS’ YEAST

5.2.1 Yeast ADH process

Yeast ADH purification is a mature process in terms of research at UCL. It has 

been described by this Department in numerous contexts: high-pressure 

homogenisation studies (Hetherington et ah, 1971; Siddiqi et a l, 1995 & 1996), 

disc stack centrifugation (Mannweiler, 1989; Clarkson et al., 1996), protein 

precipitation (Foster et a l, 1976), microfiltration (Okec, 1998), process 

interaction evaluations (Zhou et al., 1997) and total process modelling (Varga, 

1997). The key virtues of the system are that ADH is an intracellular soluble 

product, typical of many relevant industrial biopharmaceuticals, and has a rapid 

and precise assay. Therefore, it is an ideal model for process design. ADH 

catalyses the reversible conversion of primary and secondary alcohols to 

aldehydes and ketones, respectively. The active form of the enzyme is a 

tetramer, with a combined molecular weight of approximately 150 kDa. Packed 

bakers’ yeast is a convenient and inexpensive source material, with negligible 

batch to batch variability.
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5.2.2 ADH purification process descriptions

5.2.2.1 Process feed: yeast homogenate

Figure 5.1 provides a process flow diagram that describes all of the ADH 

processes studied in this Chapter. Bakers’ yeast homogenate is relatively 

difficult to clarify, and even small changes in solids separation efficiency have 

significant effects downstream (Varga, 1997). The yeast concentration was 

chosen as 8 % w/v, which yielded a feed ADH concentration of -100 U.mL"\ 

The homogenate had a broad particle size range (0.01 -  3 pm), distributed 

normally about a mean of approximately 1.5 pm. The capture chromatography 

stage was HIC, so the feed stream had to have high conductivity (Section

3.1.3.2). HIC is the method of choice for ADH capture, as ion exchangers 

exhibit very low capacity for binding it (Hearle, 1997; Smith, 1997). The 

homogenate was brought to 2 0 % saturation with ammonium sulphate to give a 

conductivity of approximately 110 mS, which is appropriate for HIC. This salt 

level precipitated approximately 5% of the total soluble protein (Boychyn et a i, 

2000). No special operation was introduced to specifically remove the 

precipitated protein, though precipitation conditions were selected to favour the 

formation of robust precipitates, to promote their removal (Bell et al., 1983). 

The range of operations used to prepare the homogenate for HIC all involved 

solid-liquid separation. These operations were configured primarily to remove 

cell debris, though entailed the concomitant removal of precipitates.

5.2.2.2 Centrifugation processes

Centrifugation is a common method of solids removal. Popular types of 

centrifugal equipment are described in Perry et a l (1984), Axelsson (1985), 

Sheeler (1981), West (1985) and Sharma (1994). Chapter 7 of this Thesis 

discusses the background and theory of centrifugation design and selection. The 

control stream, against which all other streams were compared, was that termed 

the [Ideal+Filters] stream (Figure 5.1). The [Lab Ideal] stream represents the 

situation where the homogenate was centrifuged at a very high centrifugal force, 

removing virtually all particles, taken as 100% clarified. The [Ideal+Filters]
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stream was made by taking a portion of the [Lab Ideal] stream, and processing it

further using both guard and 0 .2  pm membrane filtrations, producing what was

essentially the cleanest possible stream.

Three other centrifugation processes were considered in this work, producing 

streams that were 95%, 90% and 80% clarified on an ODeoo basis. These 

streams were similar to [Lab Ideal] (Figure 5.1), though the centrifuge was run 

in scale-down mode (Section 7.1.4), in order to mimic the performance of a 

pilot-scale continuous machine (Boychyn et al. 2000). They are referred to in 

the text as USD-95, USD-90 and USD-80. The USD streams were fed directly 

to HIC operations, without any form of prior filtration.

5.2.2.3 Filtration processes

Filtration is a reasonable candidate operation for clarifying yeast homogenate 

(Okec, 1998). As yeast cell debris particles possess similar density to that of the 

suspending fluid (Varga, 1997), the dominant filtration capture mechanisms are 

direct interception and straining (Rushton, et al. 1996). Two filtration processes 

are considered here. The first used dead-end primary filtration through a 

Nutsche filter. The second stream was prepared by taking a portion of the 

Nutsche filtrate and filtering it further through dead-end guard (depth) filter and 

0.2 pm rated microfiltration membranes. The permeate streams from these 

filtration processes were fed directly to HIC operations. The two most important 

measures of filtration performance are filtration efficiency (i.e. rating) and 

retention capacity (Jourdan and Peuchot, 1994). These depend on the properties 

of the feed stream (volume, particle size, density, concentration, fluid viscosity 

and pH) and the removal technology (filter type, composition, charge, 

hydrophobicity, size, geometry, priming, flow rate and washing) (Hellot, 1993). 

As a filter collects solids, it becomes clogged and usually retains finer particles, 

so that its effective rating improves with use. However, an increasing pressure is 

required to maintain the flow and this will becomes excessive at some point, 

signalling the need for replacement. If the supply pressure is kept constant, then 

the flux across the membrane decreases. Flux decline studies are a common
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means of comparing the fouling properties of bioprocess streams (Hermia, 

1982).

S.2.2.4 Polyethyleneimine (PEI) flocculation process

PEI flocculation entails the selective removal of nucleic acids, lipids and 

colloidal proteins from cell homogenate suspensions (Milbum et aL, 1990; 

Cordes et aL, 1990; Habib et aL, 1996&1997). Milbum et al. (1990) reported 

that the treatment of yeast homogenate with PEI, followed by floe removal using 

centrifugation, resulted in the removal of colloidal proteins, 90% of the nucleic 

acids and 98% of lipids. The activity of ADH was unaffected.
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Figure 5.1: Process flow diagrams for the purification o f ADH from bakers ’ yeast. Homogenised yeast was brought to 20% saturation

with concentrated ammonium sulphate before centrifugation. Supernatants o f differing clarity were fed  directly to HIC columns for ADH  

adsorption, operated under identical conditions.
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5.3 RESULTS AND DISCUSSION

In the ensuing discussion, two different adsorption processes are compared to 

one another. Firstly, the adsorption of BSA to Q-Sepharose columns that have 

been fouled with the streams produced by the process sequences described in 

Section 5.2. The techniques described in Chapters 3 and 4 are applied to 

measure the kinetic parameters: kf, Ds, and K, for the BSA-Q-Sepharose systems. 

Secondly, the adsorption of ADH to HIC columns, in chromatography 

experiments using the same streams from Section 5.2.

The kinetic parameters calculated from the BSA-Q-Sepharose system are not 

assumed to apply directly in explaining the performance of the HIC columns. 

The objective was simply to describe the kinetics for the fouled Q-Sepharose 

columns, and use that data to propose fouling mechanisms. Rather, the 

discussion compares the two sets of results, seeking to correlate them to one 

another, testing the hypothesis that the streams fouling properties exerted 

analogous effects in each system.

5.3.1 Evaluation of stream fouling properties

5.3.1.1 Fouling property measurements using frontal analysis

The results in this section describe the application of the frontal analysis 

technique to measuring the fouling properties of the differently processed 

homogenate streams (Figure 5.1). There are two objectives to consider. The 

underlying hypothesis is that the effects of stream fouling are generic and exert 

analogous effects on different types of columns: that effects in the process 

column (here, HIC) can be mimicked by exposing a test column (Q-Sepharose) 

to the same materials.

Frontal analysis fouling test results for the streams are presented in Figure 5.2. 

The start of breakthrough occurred at similar times for the centrifugation and 

filtration streams, though was significantly delayed for the PEI process sample 

(Table 5.1). The greatest difference between the centrifugation and filtration 

streams was the rate of BSA breakthrough, once established (Figure 5.2). The 

rate of breakthrough was very rapid for the column fouled by the filtration
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stream. The breakthrough curves relating to the centrifuge processes show a 

clear gradation, breaking through earlier with increased solids loadings.

Figure 5.2: Fouled column breakthrough curves for BSA adsorption to Q- 

Sepharose, which had been fouled by exposure to 50 mL o f the following process 

materials: #  USD 95%, A USD 90%, #  USD 80%, D  l'  ̂filtrate, O  PEI

flocculation supernatant. Solid line represents the control response o f  BSA 

adsorbing to a clean Q-Sepharose column.
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Table 5,1: Breakthrough times for BSA stream application to Q-Sepharose 

columns fouled with differently processed yeast homogenate streams, 

normalised against the breakthrough time for the control [Ideal+fllters] stream. 

The times correspond to 15% breakthrough.

Stream T N (BSA)
Lab Ideal 1.00

USD-95 0.62
USD-90 0.56
USD-80 0.44

1° Filter 0.56

1° Filt-guard-0.2 p,m 0.56
PEI 0.93
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Earlier and more abrupt breakthrough behaviour leads effectively to reduced 

overall adsorption. Therefore, in this instance, the filtration-derived streams had 

the largest effect on reducing the adsorption of BSA to the Q-Sepharose 

columns.

5.3.1.2 Mass transfer kinetics in Q-Sepharose columns fouled with ADH 
process streams

The approximate analytical breakthrough curve of Equation 4.22 was fitted to 

the BSA-Q-Sepharose adsorption data of Figure 5.2, evaluating kf, Ds, X q and K, 

for each column. Model agreement was excellent over the initial stages of 

adsorption (Figures 5.3 and 5.4). The kinetic parameters listed in Table 5.2 were 

calculated by fitting the model directly; not allowing the value of Ds to vary with 

time, as was explored in Section 4.4.3. Therefore, these are the apparent values 

for the kinetic parameters during the initial stages of BSA adsorption to the Q- 

Sepharose columns that had been fouled with the series of homogenate streams.

Table 5.2: Kinetic parameters describing experimental breakthrough data for  

BSA adsorption to columns fouled by differently processed yeast homogenate 

streams.

Process 1 0 “ x k f K 1 0  ̂ x D , X o B i

Stream -1cm s ( - )
2 -I  cm s ( - ) ( - )

USD-95 1.70 47.00 4.88 0.455 0.35
USD-90 1.69 44.26 2.50 0.455 0.71
USD-80 2.19 44.25 3.00 0.690 0.77
1“ Filter 11.4 35.00 8.44 0.801 1.80

1° Filt-guard-0.2)xm 8.21 39.21 7.66 0.711 1.85
PEI 4.46 74.93 1.69 0.829 1.64

To facilitate a discussion of the kinetic parameters, and their bearing on 

breakthrough curve appearance. Equation 4.22 is reproduced below, for 

convenience:
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t =
£ +  (1 — £)Æ

8 V
Z +

K  + 6  — y)(2A%̂ Q 4- 6  + y)
j Uj^Sq (2AJC + b + y)(2AJCq + b — y)

(Equation 4.22)

The first term on the right hand side of the equation is the lateral position term, 

whose only variable component is K, the relative number of available adsorption 

sites. Figure 5.2 shows that the column fouled with PEI material exhibited a 

larger breakthrough time, which is reflected in the large value of K: 74.93, 

compared with the range 35 -47  for the other samples, which possessed similar 

breakthrough times. The second term in Equation 4.22 is the shape term, where 

the term multiplying the log term controls the spread of the curve, and 

consequently, the slope of the sigmoidal rise. Both K  and kj, the external film 

mass transfer coefficient, contribute to this term. Figure 5.2 shows that once 

breakthrough is initiated in the column fouled by the filtrate material, the rate of 

breakthrough is high, its slope nearly vertical, which is consistent with the 

markedly higher values of ̂ calculated for that sample.

Figure 5.3: Analytical breakthrough curve solutions, fitted to experimental BSA 

adsorption to Q-Sepharose columns fouled with USD supernatant streams: #

USD-95, A USD-90, #  USD-80. Solid lines represent model predictions. The 

model provides accurate prediction o f early adsorption events, allowing the 

calculation o f  the kinetic parameters for fouled columns, presented in Table 5.2.
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Figure 5.4: Analytical breakthrough curve solutions, fitted to experimental BSA 

adsorption to Q-Sepharose columns fouled with primary filtrate and PEI 

flocculation process samples: O  primary filtrate material, O  PEI flocculation 

material. Solid lines represent model predictions. The model provides accurate 

prediction o f early adsorption events, allowing the calculation o f the kinetic 

parameters for fouled columns, presented in Table 5.2.
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The most useful analysis of curve shape is represented by the value of the Biot 

number, Bi. This dimensionless parameter reflects the balance between the 

effects of external and internal mass transfer resistances, Ifl and Dg. For the 

centrifugation samples, Bi was small. Hand et al. (1984) reports that for Bi < 

0 .5 , mass transfer is exclusively controlled by the external resistance. 

Conversely, Bi> 30 signifies dominance by the internal diffusion resistance. As 

in most instances the measured Bi was between 0.5 and 30, both mass transfer 

resistances were important, justifying the selection of the analytical solution 

model of Equation 4.22.
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5.3.2 HIC results for alternative ADH processes

This section describes the chromatographic performance of each process 

sequence, in terms of the yield and purity of ADH they produced. The first 

confirmation that the process streams differed with respect to their fouling 

properties was through examining the solute breakthrough curves collected 

during their application to HIC columns. Each of the HIC experiments was 

conducted using the same protocol (Section 2.4.5), which set the HIC feed 

concentration constant at 100 U. mL"\ The flowrate was also constant, at 0.3 

mL.min"\ Breakthrough was delayed in the case of the cleaner streams, and was 

premature for those with higher solids loadings. Table 5.3 lists the breakthrough 

times for each stream, which have been normalised against the result for the 

control [Ideal + Filters] stream, according to the equation:

[Ideal + filte rs] (Equation 5.1)

where tb are the times corresponding to 15% breakthrough.

Table 5.3: Breakthrough times for ADH process streams applied to HIC, 

normalised against the control [Ideal+Filters] stream. The times correspond to 

15% breakthrough. Lab Ideal: laboratory centrifuged homogenate; USD- 

95,90,80: centrifuged homogenates; f  Filter: filtered homogenate; PEI: 

flocculated and centrifuged homogenate.

Stream TN
Lab Ideal 1.00

USD-95 0.96
USD-90 0.78
USD-80 0.69

C Filter 0.62

1° Filt-guard-0.2 0.71
PEI 0.98
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There was negligible difference in breakthrough between the [Lab Ideal], the 

microfiltered [Lab Ideal] material and the centrifuged PEI flocculated samples. 

USD stream samples gave a nearly proportional response; the 80%, 90% and 

95% streams reaching 15% breakthrough in 24, 28 and 34 min, respectively. 

Filtration streams under-performed relative to expectations. The clarity of the 

streams, measured on the same ODeoo basis, was above 95%, yet breakthrough 

came earlier, similar to the lesser-clarified USD materials. Taking the primary 

filtrate through an additional processing step using a 0 .2 pm membrane 

marginally improved the result, to the point where it achieved similar 

performance to the USD-80 stream. Breakthrough results overall were 

consistent wdth expectations: that as the solids loading increased, so too would 

the propensity to foul, entailing increased apparent mass transfer resistances and 

earlier solute breakthrough.

For each HIC experiment, the loading phase was stopped once 15% 

breakthrough of ADH in the effluent was attained. The columns were then 

washed and the ADH eluted under the same conditions. Product was eluted as a 

series of fractions, which were assayed for ADH and total protein, so that the 

specific activities (purities) of the eluate fractions were available. Fractions with 

specific activities greater than or equal to 100 U. mg protein'^ were pooled 

together, forming an enriched product fraction. Eluate fractions not meeting this 

purity requirement were discarded.

Figure 5.5 shows the chromatographic performance achieved by each of the 

streams. The highest yielding process was that of the control [Ideal+Filters] and 

[Lab Ideal] streams, both yielding approximately 2200 U of ADH. Of the other 

examples, the PEI flocculation performed best, also yielding 2200 U. USD 

centrifuge streams also performed well. The differences in yield between them 

were small but significant, and agreed with expectations, considering their 

different clarities, and hence solids levels. As the HIC processes were fed at the 

same feed concentration (100 U.mL'*), and feeding was terminated at the same 

point (15% breakthrough), the corollary of early breakthrough was reduced 

yield. Dynamic capacity is equal to the total amount of solute adsorbed at the 

point when feeding was stopped. It was calculated by adding the amount of
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ADH in the pooled product fractions, to that present in the discarded low-purity 

fractions. The highest dynamic capacity was seen in the HIC experiment using 

the control [Ideal+Filters] stream, and all other HIC process results are 

expressed relative to this, using the normalised dynamic capacity,

(Equation 5.2)

The filtration samples did exhibit unexpectedly early breakthrough (Table 5.3) 

and this indeed translated through to low yields. The elution peaks themselves 

were also different, consistent with the effects of increased fouling (Figure 5.6). 

Centrifugation streams and the PEI process material produced sharp product 

peaks, the product finally contained in a volume of approximately 2 mL. 

Filtration streams delivered smaller product peaks, spread out over a much larger 

elution volume (3.5-4 mL). Overall purity, in terms of protein contamination, 

was not significantly affected. ADH specific activities (U. mg protein"^) for 

filtrate streams were comparable to those from highly clarified (USD-95) 

centrifuged material, and were actually higher than those observed for the USD- 

80 and USD-90 streams.

Filtration process performance was disappointing, the 1® filtrate stream 

achieving 49% less yield than the best of the centrifuge streams, USD-95. The 

result was surprising, because on a clarity basis, little separated them. The 1̂  

filtrate stream was greater than 95% clarified, on an ODôoo basis (Figure 5.7), yet 

performed poorly in chromatography.

This prompted an alternative investigation of relative fouling properties, which 

0 .2  pm membrane filtered the streams at constant pressure, measuring flux 

decline as a function of the volume processed. This technique is a conventional 

method of comparing the fouling nature of streams (Hermia, 1982). The aim of 

the experiment was to investigate the streams’ membrane fouling properties as a 

function of their clarities, produced by prior centrifugation or coarse filtration 

steps. The flux decline test calls for t/V  (time/volume) to be plotted against V . 

This produces a line, the slope of which is proportional to a parameter called the 

specific cake resistance. High values of this resistance indicate that a high
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degree o f  fouling was prevalent. Figure 5.7 show s that flux decline, represented  

by the slope o f  the t/V versus V plot, varies approxim ately linearly with the 

stream clarity, measured on an üDeoo basis. Therefore, the fouling, which had so 

affected chromatographic performance, w as not so lely  related to the amount o f  

particles present. The filtrate w as itse lf  greater than 95% clarified, yet had 

resulted in a yield w hich was 22% low er than that o f  the U SD -95 centrifuged  

sample.

Figure 5.5: Process yield and purity results for HIC purification o f ADH

from processed yeast homogenate samples. Shaded bar represents pooled 

eluate samples >100 U.mg protein^, black shaded region represents ADH lost 

(calculated by mass balance). Total ADH (yield + amount lost) = dynamic 

capacity o f column at 15% solute breakthrough. Square symbols indicate 

product purities in terms o f specific activity (U. mg protein^).
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Table 5.4: Normalised dynamic capacities for HIC experiments using differently 

processed yeast homogenate streams. The times correspond to 15% 

breakthrough.

S tream E n

Lab Ideal 1.00

U SD -95 0.93

U SD -90 0.87

U S D -80 0.85

C  Filter 0 .56

U  Filt-guard-0.2 pm 0.75

PEI 0.99
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Figure 5.6: ADH elution profiles comparing primary filtrate and

ultrascaledown centrifuge sources. Primary filtrate afforded poorer peak 

resolution and process HIC yield: O  Primary filter, #  USD 80%, #  USD
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Î  100 0-
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This confirmed the hypothesis that the extent of clarification was not the only 

factor determining the stream fouling properties. ODôoo alone is not a perfect 

guide. Both materials were greater than 95% clarified, but there is no reason to 

believe that the size range of particles present in filtrates and supernatants are the 

same. Moreover, the separation method was also important, thus demonstrating 

that solid-liquid separation synthesis is a non-trivial exercise in bioprocess 

design.
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Figure 5,7: Flux decline measurements. An approximately linear relationship 

observed between flux decline and clarity for ultracentrifuged samples. Samples 

produced using primary filtration displayed similar behaviour, so that flux 

decline, as an estimate o f fouling, could not differentiate between samples on the 

basis o f  processing method. M: Ultracentrifuge samples; O  Primary filter 

samples; O  PEI flocculation process samples.

0 . 12 -

0 . 10 -

^ 0 .08-

'g  0 .06-  

o
a  0 .04-

0 .0 2 -

0.00
10510080 90 958575

Clarification (%)

5.3.3 Relating the kinetic parameters from the BSA-Q-Sepharose system 
to chromatographic HIC performance.

In classical adsorption theory, the parameter K, which indicates the apparent 

availability of adsorption sites, is normally a constant for the system. In 

modelling the performance of fouled chromatography columns, the value of K  

was allowed to vary, on the hypothesis that as the amount of fouling was 

increased, this would cause an effective reduction in column capacity.
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The kinetic parameters listed in Table 5.2 suggest possible explanations for the 

poor performance of filtrate materials in HIC. The parameter K, which indicates 

the apparent availability of adsorption sites, was similar for columns fouled by 

the filtration and centrifugation streams. Both external fluid film and internal 

diffusion resistances to mass transfer were greater in the columns fouled with 

filtrate materials. When the 1° filtrate stream was further processed by guard 

and membrane filtration steps, the mass transfer resistances evidently decreased. 

Relating again to the HIC experiments, the yield from the additionally filtered 

material was down just 23% on the USD-95 stream, so improvements in HIC 

yield and mass transfer seem to parallel one other, in this instance.

PEI flocculation was the best performing process in terms of HIC, achieving 

essentially the same yield and purity as the very clean (particulate-free) control 

stream. When this material was used to treat Q-Sepharose columns, the 

resulting BSA breakthrough curve was much more spread out than had been the 

case for columns treated with either the centrifuged or filtered materials (Figure

5.2), indicating a larger degree of BSA adsorption. In addition, K  was much 

larger in columns fouled with the PEI material, suggesting a greater availability 

of adsorption sites. Also, the resistance to internal diffusion, Ds, was the lowest 

of all samples. Although breakthrough came late (apparently good adsorption), 

the external fluid film resistance, kf, was higher than for other samples, which 

seemed contradictory. On balance, if the external resistance was higher, then 

early breakthrough should have resulted. The PEI-fouled column had larger Bi, 

however, indicating that although the absolute value of the external resistance 

was higher, the notably reduced internal diffusion resistance had attenuated its 

effect on the overall mass transfer rate.

The kinetic parameter from the Q-Sepharose measurements of Table 5.2 that 

correlates best with the HIC dynamic capacity results, (Fn of Table 5.4), is K. 

The correlation coefficient relating K  and Fn was 0.758. K  contributes to both 

the lateral position term and the spread-controlling term of the analytical 

breakthrough equation (Equation 4.22), so theoretically, it is expected to 

influence the yield. Early, steep solute breakthrough is consistent with less 

adsorption to the matrix, and the reduced BSA adsorption is plainly evident in
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the breakthrough curves from the stream-treated Q-Sepharose columns. The 

important result is that the dynamic capacity (F n) in the HIC-ADH system, 

seemed to have been analogously affected by contact with filtrate material, to the 

extent that Fn correlated favourably with K.

5.3.4 Assessing the individual contributions of lipids, nucleic acids and 
particulates to the overall fouling effect

The different solid-liquid separation techniques caused some compositional 

differences between the process streams with respect to nucleic acids, lipids and 

particulates. A qualitative description of the differences between streams is 

presented in Table 5.5.

Laboratory centrifugation causes lipid masses to coalesce and rise to the surface. 

Therefore, as the lipid masses were filtered from the USD supernatants, the 

streams were lipid-depleted. Nothing was done to reduce the nucleic acid 

contents of these streams, hence the [Lab Ideal], [Ideal + Filters] and USD 

streams differed from one another only with respect to their levels of 

particulates: PPP, PP, ... nil.

Table 5.5; Qualitative foulant profiles for process streams with respect to lipid, 

nucleic acid and particulates compositions. NA = nucleic acid, NA'= partially 

depleted nucleic acid, P particulates in qualitative amounts, LIP = lipids.

Process Stream Predominant Foulants
Lab Ideal NA P-

Ideal + Filters NA
USD-95 NAP
USD-90 NAPP
USD-80 NA PPP

1  ̂Filter NA'LIPP

1̂  Filt-guard-0.2mm NA'LIP
PEI

The primary filter produced a filtrate that was >95% clarified, so it can be 

considered equal to the USD-95 stream on a particulate basis. Additional
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filtration steps increased the filtrate clarity to >98%, so that it was comparable to 

the laboratory ideal streams. Some of the nucleic acid was removed by passage 

through the primary filter, just as the slow permeation of very large 

macromolecules through a tortuous bed of diatomaceous earth often plays an 

adsorptive role (Singhivi et al., 1996). Therefore, the filtrate streams contain 

slightly less nucleic acid. PEI flocculation entailed the removal of all three 

classes of foulant.

Contrasting the results for each stream allows a qualitative appraisal of the 

individual contributions of lipid, nucleic acid and particulates to the overall 

fouling effect. Yield and purity results for HIC experiments using PEI processed 

material obtained yields and purities as high as those seen for the experiments 

using laboratory ideal materials. The chief composition difference was that the 

PEI streams contained 96% less nucleic acid. Frontal analysis and modelling 

revealed that the PEI stream had induced a slightly higher external fluid film 

resistance (Table 5.2), though the overall breakthrough curve was not markedly 

different in shape. These results indicate that in this instance, nucleic acid 

played a limited role in fouling. Ion exchangers have lower capacity for DNA 

than they do for proteins (Prazeres et al., 1998), though some binding ought to 

occur considering the high density of negative charge associated with the nucleic 

acid molecules’ phosphodiester chains, and the positive charge carried by the Q- 

Sepharose matrix. Ljunglof et al. (1999) used confocal scanning laser 

microscopy to visualise DNA bound to individual adsorbent particles. Their 

results showed that DNA molecules attached primarily to the external surfaces, 

penetrating just 6  pm into the 90 pm diameter Q-Sepharose beads. An 

explanation for the apparent indifference to the presence of nucleic acid, is that 

any material bound during fouling was removed by the salt gradient washing 

step, which preceded the BSA breakthrough step in frontal analysis (Section

2.2.2.4).

The effect of particulate concentration was illustrated by differences between the 

various preparations. Yield and purity suffered proportionally as the clarity was 

reduced from 100% (control streams), to 95%, 90% and 80% (Figure 5.5), 

implying a proportional relationship with solids loading. The filtration steps
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which distinguished the [Lab Ideal] and [Ideal + Filters] streams, seemed to have 

a beneficial effect on performance (Figure 5.5). The filtration streams did not 

differ substantially from the USD streams with respect to particulates (similar 

clarities), enabling the effect of lipids to be studied in isolation. The presence of 

lipids plainly increased both mass transfer resistances in the fouled columns, 

which is consistent with the disappointing yield and purity results obtained with 

these samples in HIC experiments.

The presence of particulates seemed to exert its effect mainly through shifting 

the balance of mass transfer resistances (Bi) towards favouring external fluid 

film resistance, evidenced by the early nature of BSA breakthrough in fouled Q- 

Sepharose columns. Premature breakthrough is explained by either rapid 

adsorption of solute to the column, leading to early saturation, or by the solute 

being partitioned into the interstitial column volume outside the beads, when 

film transfer to the bead surface is poor. By contrast, the largely particulate-fi-ee 

PEI stream caused the column to exhibit internal resistance. This mechanism 

also offers a consistent explanation for the HIC process results, assuming that 

the fouling effect was analogous, as greater access to the internal bead volume 

should have enhanced the dynamic capacity, which did prove to be the case.

Particulates probably foul by external attachment. Johnson and Elimelech 

(1995) described the attachment of colloidal particles to packed beds of porous, 

adsorbent spheres. Microscopy revealed that adsorbent bead coverage was never 

complete, bounded according to a modelled blocking function, or jamming limit, 

which was independent of axial position (Equation 3.7). The level of deposition 

required to elicit a fouled-column breakthrough response should be small. 

Hearle (1997) was able to estimate the amount of material retained in fouling 

experiments, though the amounts involved were too small to mass balance 

reliably. This is readily understood, considering that the ODôoo of the column 

effluents during foulant addition in these experiments, were no different to those 

of the feeds, so the columns performed no visible “clarification” on the 

materials.

Lipids probably exert their effects by associating with the internal volume of the 

matrix beads. Q-Sepharose columns fouled with the lipid-enriched filtrate
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streams had approximately double the resistance to mass transfer than columns 

fouled with centrifuged samples. The increase was nearly four-fold compared to 

that seen when the column was fouled with the 98% lipid-free (Milbum et aL, 

1990) PEI process stream. Hearle (1997) investigated the individual 

contributions of particulates and lipids by preparing homogenate streams that 

were selectively depleted in each component. When DEAE columns (also anion 

exchange, similar to Q-Sepharose) were fouled with these streams, the resistance 

to diffusion transfer was also seen to increase in response to both particulate-free 

and lipid-free extracts. The effect was greatest for the untreated homogenate 

streams, suggesting a possible synergistic effect between the two.

Lipid fouling of particle interiors is plausible, as the molecules are small, and 

therefore have higher diffusivity in solution. Yeast cell membranes contain 

many amphipathic compounds to act as lipid foulants, such as 

phosphoglycerides and sphingolipids (Patton and Lester, 1991). The molecules 

possess polar groups and aliphatic chains that should be capable of strong 

interaction with either hydrophilic or hydrophobic areas inside the matrix beads. 

External particulate attachment probably still controls access to the bead interior, 

either through steric hindrance of pores, or by actively adsorbing smaller foulant 

molecules en route to the interiors. Q-Sepharose columns fouled with filtrate 

material exhibited very rapid, almost vertical breakthrough dynamics. Early 

breakthrough is probably due to the presence of particulates, because the timing 

is similar to that seen with the centrifuged streams of comparable clarity. The 

increased steepness of breakthrough is explained by the much-increased internal 

diffusion resistance, probably influenced by lipids. A control experiment was to 

foul a Q-Sepharose column with a USD centrifuge stream, which had been re

enriched with lipid: centrifugation caused the lipid masses to coalesce, and come 

out of solution as solids, which were filtered from the material prior to fouling. 

Re-dissolving the lipid masses should produce a stream that caused a fouling 

response more akin to that measured for filtrate samples. Attempts to re

dissolve the solid masses were unsuccessful, so the effect of lipids could not be 

assessed in this manner.
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5.4 CONCLUSIONS

This Chapter demonstrates that the frontal analysis technique can elucidate 

subtle differences in fouling phenomena. This information was unattainable 

through the more conventional fouling tests based on flux decline 

measurements. Both the extent and method of solids-removal were important to 

the performance of the HIC capture chromatography step in ADH purification. 

The reason for this is that the mode of processing influenced the foulant 

composition of the product stream, which determined its fouling properties. 

Mathematical modelling enabled quantitative measurement of fouled-column 

mass transfer resistances and other kinetic parameters. They suggested that 

particulates and lipids had a marked effect on fouling, while nucleic acids were 

comparatively benign.

The apparent fouling mechanisms that prevailed in fouled Q-Sepharose columns 

were consistent with the performance deterioration observed in the HIC process 

system. This observation strengthens the hypothesis that fouling streams exert 

analogous effects in different columns, despite the fact that they utilise quite 

different associative chemistries, in this case, anion exchange and HIC. 

Although it is recognised that this method entails a simplification of the detailed 

fouling mechanisms, it may be a useful way to rationalise the behaviour of 

process streams, given its simplicity and low costs.

The subsequent studies focus on more detailed characterisation of the frontal 

analysis test response and its relationship to chromatographic performance. 

Chapter 6  seeks to identify the stream characteristics that produce early, rapid 

breakthrough; or delayed, spread-out responses; and then to predict performance 

on this basis. This information will aid in maturing the technique into a 

diagnostic test for process design, alerting designers to potentially problematic 

materials, and thus guiding the selection of upstream process unit operations.
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6.0 CHROMATOGRAPHY SYSTEM DESIGN IMPLICATIONS FROM 

FRONTAL ANALYSIS FOULING MEASUREMENTS

6.1 INTRODUCTION

If a fouling property exists as something that can be measured on a continuous 

scale, then the methods that designers use to compensate for or eliminate its 

effect, ought also to vary proportionally. This Chapter seeks to extend the 

activity of simply measuring a fouling property, to that of reacting to the 

measurement; specifying that if the fouling property is x, then the design 

compensation should be y. This potential was explored experimentally by taking 

a process stream and using combinations of three different operations to reduce 

the level of foulants it contained. Foulant loadings were reduced by dilution, 

increasingly forceful centrifugation, and by using higher salt concentrations to 

precipitate more contaminating proteins. Thus, a set of attenuated streams was 

produced, whose fouling properties were then studied using the method of 

frontal analysis.

The remainder of Section 6.1 briefly reviews current process chromatography 

practice, with respect to system design and the selection of operating conditions. 

Section 6.2 details the experimental system, describing how three methods: 

stream dilution, centrifugation and differential precipitation, reduce foulant 

loadings. Section 6.3 presents some mathematical preliminaries, explaining the 

statistical techniques used to design and analyse the set of experiments reported 

here. Section 6.4 reports the results of frontal analysis fouling tests, calculating 

the mass transfer parameters in columns fouled by these attenuated materials. 

Each of the treated streams was then also used in HIC, purifying ADH. The 

yield and purity achieved with each stream were measured, to further assess the 

mass transfer information discovered by frontal analysis. Having compared the 

effects of pre-treatment operations in a detailed, mechanistic way. Section 6.5 

then closes the Chapter Avith a summary of the process synthesis rules emerging 

from these experiments.
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6.1.1 System design for chromatographic purification trains

6.1.1.1 Column selection

Biopharmaceutical processes frequently employ a large-scale chromatographic 

capture operation at some point in purification (Bonneijea and Terras, 1994). 

The main point of this strategy is to stabilise the product, achieving a rapid, 

partial purification, removing proteases or other damaging contaminants that 

may have carried over from the front-end of the process. This stabilised product 

fraction is often divided into lots, for further processing in subsequent 

purification columns. It is desirable to perform the primary capture step in one 

run, as soon as the material becomes available from upstream. The latter 

operations, using stabilised product, are conducted in small batches over time.

Identifying which types of chromatography to use for each of these steps relies 

on the physical properties of the product molecule, as discussed in Chapter 1 

(Jungbauer and Kaltenbrunner, 1996). Without that detailed knowledge, 

chromatography system design must follow an iterative, trial and error 

procedure. At the physical property level, separation involves balancing the 

properties of the product against those of the potentially large number of 

contaminants present in the process. On a design level, performance also 

depends on column chemistry, buffering, and sample preparation. Developing 

and optimising a purification sequence needs to acknowledge that not all of 

these factors are equally influential, so a thorough experimental campaign can 

take several months to complete (Londo et aL, 1998). At present, most 

chromatographic method development occurs in isolation from the rest of the 

process development activity. One of the important aims of scale-down 

technology (Boychyn, 2000) is to be able to create scaled-down mimics which 

would allow process interaction studies to extend to chromatography, by 

providing material with large scale process characteristics.

Significant improvements have come from enhanced automation and advances 

in instrumentation. Chromatography systems now exist that allow systematic 

method scouting to be conducted automatically (BioCAD, PerSeptive 

Biosystems; ACTA, Pharmacia Biotech). These systems facilitate the logistics
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of performing multiple runs, and are essentially computer packages that control a 

system of pumps and valves, so that the series of experiments can run 

unattended. Their degree of success in improving the overall rate of progress 

still depends on the speed of monitoring the product, as the quality of each 

trialed process must be assessed. The detection of complex biopharmaceutical 

molecules has in the past relied on slow techniques like electrophoresis (PAGE) 

and immunoasays (ELISA). This situation is improving, using optical 

biosensors (Gill et al., 1998) and rapid HPLC techniques (Hunt et aï., 1995). 

Londo et al. (1998) reported the integration of rapid purification and monitoring 

in a robotics-based system, which was successful in performing trial runs in 

minutes, and conducting entire development campaigns in hours.

6.1.1.2 Selection of operating conditions

This Thesis concentrates on ways of specifying robust capture chromatography 

conditions/modes of operation, particularly in the face of foulants carried 

through from upstream processing. Column sizing and detailed design is 

conventionally a matter of scaling up a small-scale purification, achieving larger 

capacity without compromising on yield or purity. A difficulty in assessing 

scale-up is that the material used to conduct method scouting may not be 

representative of that delivered by the large-scale process.

If the capacity is to increase, so too will the product throughput. It is generally 

not possible to just increase the product concentration (eg. using ultrafiltration) 

because such an increase would drastically alter the solute concentration profile 

within the column, which is unacceptable. Excessive stream concentration is 

often accompanied by increased viscosity, promoting the formation of viscosity 

boundaries, which cause “fingering”. Concentration profiles are given by the 

relationship:

y  = yo exp  y
2 cj'

(Equation 6.1)
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which expresses the concentration y  as a. function of three parameters. If all 

three of these parameters are maintained when scaling up, then the concentration

profile will be conserved. is the ratio of volumes (samplematrix) and yo is

the feed solute concentration, both of which are easily held constant. The 

standard deviation, a^, is given by the following relationship:

.2  Vcj = —  (Equation 6.2)

where A: is a rate constant and L is the column length. The variation in the rate 

constant depends on the nature of mass transfer and adsorption. If mass transfer 

is controlled by internal diffusion, k is independent of the interstitial velocity, v, 

and varies inversely with the particle diameter: k oc \!dp. If mass transfer is 

controlled by the passage to the particle from the bulk fluid (external resistance), 

then the proportionality relationship is k . Therefore, according to

the mode of mass transfer:

oc — -  for internal control (Equation 6.3)

and

]_ 3

v^d^
a  o c  — for external control (Equation 6.4)

The designer usually has limited control over dp. Matrix manufacturers can 

provide smaller diameter beads, but the costs are very high. In addition, as dp 

decreases, the column pressure drop rises. Instead, v and L are varied, while 

keeping the ratio (v / L) constant. Pressure drops also limit this method of 

scaling. A 10-fold increase in v and L produce a 100-fold increase in the 

pressure drop, which makes the scaled-up bed increasingly susceptible to 

deformation, compression and plugging. Designers solve this problem by 

limiting the bed height, producing short columns with wide bed diameters.
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6.1.2 Objectives of this research

Capture chromatography columns come first in the column sequence, and 

therefore face the most fouling of streams. Preparing these streams for 

chromatography entails the removal of some or all potentially fouling species. 

From the foregoing discussion, it is obviously important to maintain the same 

mechanism of adsorption during scale-up, as variations in have large effects 

on concentration profiles within the column, and consequently, performance. 

Fouling clearly is able to disrupt and/or change the mechanism of adsorption.

The previous Chapter revealed a promising correlation between the kinetic 

parameter K, measured by frontal analysis in Q-Sepharose columns, and the 

dynamic capacity achieved in FQC. This relationship held for a series of streams 

that had been prepared in different ways, which meant that their foulant 

compositions were subtly varied. This Chapter extends that work in two 

directions. Firstly, it provides another examination of the relationship between 

K  and HIC dynamic capacity. A second cell system is considered: the 1)1.3 Fv 

E. coli lysate. Changing the cell system means that the types of foulants under 

study are different; the previous Chapter measured the effects of foulants present 

in yeast homogenate. Here, D1.3 Fv E. coli lysate is supplemented with pure 

ADH, which is then re-purified using HIC, so the chromatographic system is the 

same as in the previous Chapter. In the present section, E. co//-derived foulants 

are at play, but the experimental system is the same: the K  (from Q-Sepharose 

frontal analysis) versus dynamic capacity (ADH-HIC interaction) relationship.

Secondly, the experiments of this Chapter subject the ADH-spiked D1.3 Fv 

lysate to an array of process steps to reduce its propensity to foul. It was of 

interest to identify which of three preparatory operations: dilution,

centrifugation, or reducing the level of contaminating protein, has the largest 

effect in minimising or changing the mechanism by which mass transfer was 

disrupted. Conducting frontal analysis tests using these attenuated streams 

allowed the mass transfer effects in differently fouled columns to be measured. 

The same streams were also used in HIC studies, to purify ADH. Changes in 

process performance are discussed with reference to the observed mass transfer 

effects induced by these attenuated streams.
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6.2 SELECTION OF TEST SYSTEM: PURIFICATION OF ADH 
FROM CLARIFIED D1.3 Fv LYSATE STREAMS

D1.3 Fv lysate is a relatively difficult material to process using packed bed 

chromatography. Even when cleared of most of its particulates using high 

relative centrifugal forces, the undiluted material is viscous enough (Figure 6.1) 

to cause compression in packed bed columns. It was therefore a good material 

for this study, which sought to reduce the fouling properties by various means 

and study what effect those measures had on their capacity to interfere with mass 

transfer. The study also sought to compare how attenuated streams performed in 

process chromatography. To this end, the E. coli lysates were supplemented with 

pure ADH, which was then recovered using HIC. As a protein product, the D1.3 

Fv antibody fragment was an inappropriate molecule to work with, as 

monitoring is too difficult to achieve in real time. A biosensor method exists 

(Gill et aL, 1998), though is less convenient than a direct enzyme assay. ADH 

was chosen because commercial preparations were inexpensive and the amount 

in the feed stream could be carefully controlled to the same level in all 

experiments. The D1.3 Fv fragment is labile at the lysis temperature (Maybury, 

1998), and while degradation may be minimised by rapid cooling, there 

remained the chance of variable feed concentration, which was unacceptable in 

terms of consistency between preparations. The adsorption conditions of ADH 

to Phenyl-Sepharose HIC media were well known from the work of Chapter 5.

Foulant loading was decreased using three methods. As HIC was to be used, 

ammonium sulphate was added to the stream to raise the conductivity. The 

addition of ammonium sulphate also meant that a proportion of the 

contaminating D1.3 Fv lysate protein would be precipitated. ADH remains 

soluble at up to 40% ammonium sulphate saturation (Varga, 1997) so dosing the 

lysate to this concentration has no effect on the soluble ADH that had been 

added to the lysate. As the salt concentration is increased, there is a tendency for 

more contaminating proteins to precipitate out of solution. Therefore, it was 

convenient to conduct experiments using two different ammonium sulphate 

concentrations, precipitating a progressively larger fraction of contaminating 

protein. The second means of foulant reduction was to centrifuge the material at
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successively higher forces, to reduce both the quantity and mean size of particles 

present. Finally, dilution was used, which imposed a straightforward 

proportional reduction in all contaminants present in the base lysate stream.

6.3 Design and analysis of experiments

This section provides a brief introduction to the statistical techniques used to 

design and analyse the experiments of this Chapter. The results of frontal 

analysis and HIC experiments {K, kf, Ds, dynamic capacity etc.) are statistically 

termed response factors, because their magnitudes are responses to the type 

and/or concentration of foulants used to treat the columns for which they are 

measured. This Chapter seeks to evaluate the changes to these parameters 

brought about by altering a set of external experimental conditions (factors): the 

ammonium sulphate concentration used in precipitation, the stream dilution 

factor, the Q/Z used to clarify the stream, and the presence/absence of column 

compression during stream application. Each of the above factors is to be 

studied at more than one condition (levels), so a full evaluation, including all 

possible combinations of them, would entail a large number of experiments. 

The occurrence of column compression may be important to the result, though 

cannot be deliberately imposed. Therefore, it was treated as a casual factor, and 

did not influence the experimental design (Nelson, 1989). Fractional factorial 

experimental design is a technique of reducing the number of experiments 

required, while losing a minimum of analytical information (Nelson, 1989). The 

factors and the levels at which they were studied are:

Dilution factors: 1:1, 1:2, 1:5, 1:10, 1:20 (5 levels)

Centrifugation time (min): 10, 20, 30, 90 (4 levels)

Ammonium sulphate: 20% & 40% saturated (2 levels)

A full evaluation would entail all possible combinations of factors and levels = 

5x4x2 = 40 experiments.

Centrifugation levels were performed at the following Q/Z conditions (Section

7.1.4): 5.53 x lO’’ ms ', 2.61 x 10 » ms‘‘, 1.71 x icr* ms ' and 5.60 x 10'"’ ms"', 

respectively. A mixed level design was appropriate, as at least one factor had a
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count of levels that was different from that of other factors. The DOE-PC IV 

software package (Quality America Inc., Tuscon, AZ, USA) generated an 

experimental design, starting from the smallest possible core array (each factor 

at only two levels), which was expanded by using an algorithm and then reduced 

to eliminate all repeated runs. This mixed level experimental design is shown in 

Table 6.1. For this design, with 24 runs, the average variance of coefficients 

(A VC) was 0.51. A VC is a scaled value that describes the accuracy with which 

the statistical model at the heart of the technique describes the actual 

experimental system. A small value is best. Designs with few runs and many 

possible interactions have high values of AVC. The full factorial design would 

have reduced the AVC to 0.20. Another factor describing the quality of the 

design, is the minimum detectable effect (MDE) it can resolve. The mixed level 

design of Table 6.1 has MDE = 1.49. Smaller values of MDE indicate a better 

estimation, and the value improves as the number of runs is increased. A full 

factorial design would have reduced the MDE to 1.02. The analyses of this 

Chapter use a significance level of 0.05 and a confidence level of 90%. Under 

these assumptions, the upper limit of acceptable MDE is 2.5 (Abramowitz and 

Stegun, 1970), so the design was accepted on this basis.

Table 6.1: M ixed level fractional fac to ria l experimental design to evaluate the 

effects o f  centrifugation time, dilution fa c to r  and sa lt concentration on the 

fou ling  effects o f  D l.3  Fv lysate streams. Shaded boxes indicate the 

experimental runs to be performed. AVC = 0 .51, M DE  == 1.49.

Centrifugation Time (min)
10 20 30 90

(Am.S| 20% 40% 20% 40% 20% 40% 20% 40%

Dilution

Factor

1
'

2 '
-

5

10
Ï-

20
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The effects of centrifugation time, salt concentration, and dilution are estimated 

using analysis of variance (ANOVA). The effects of the three factors are 

defined as main effects. The ANOVA procedure also considers the possibility 

of two-factor combinatorial effects, involving all possible combinations of the 

main effects. An ANOVA is a tabular representation of the variance attributed 

to the model, compared to the total degree of error present in the model. For an 

effect to be significant, its variance must be larger than the total error in the 

model. This is described by an f-statistic, which is used to attribute a probability 

to the likelihood of the observed effect existing. As the variance becomes larger 

compared to the error, the probability approaches a value of 1. These 

calculations were performed using the DOE-PC IV software package.

6.4 RESULTS AND DISCUSSION

6.4.1 Characterisation of feed stream

The common feed stream used in this Chapter was a periplasmic extract 

prepared from E. coli cells expressing the Dl.3 Fv antibody fragment. 

Preparation methods were described in Section 2.2.1.2. All frontal analyses 

were performed at room temperature, under which conditions the viscosity of 

this lysate material was 7.6 ± 0.7 mPa.s in its undiluted state. Dilution with HIC 

running buffer caused a decrease in viscosity, as shown in Figure 6.1. The Dl.3 

Fv lysate materials were supplemented with ammonium sulphate before 

centrifugation, to precipitate some fraction of the protein present, and to raise the 

conductivity to a level appropriate to HIC purification. It was important to 

verify that at each of the chosen concentrations, 20% and 40%, the ADH product 

remained soluble for capture by HIC. Solubility profiles for ADH and total 

protein were determined for the material, by equilibrating clarified lysate with 

different amounts of ammonium sulphate, measuring the amount of soluble 

protein and ADH. At 40% saturation, ADH solubility decreased by only 2%. 

Total protein solubility was reduced by approximately 22% at the same 

concentration. At 20% saturation, the total protein solubility was decreased just 

5%, while ADH solubility was unaffected.
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Figure 6.1: Clarified Dl.3 Fv lysate viscosity as a function o f dilution factor 

and centrifugation . Diluent was HIC running buffer (Section 2.4.5). All 

samples clarified at 15000 rpm, processed for the following times: 0 10 min, M  

20 min, 0  30 min, O 90 min.
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Figure 6.2: Solubility profile for yeast ADH dissolved in clarified Dl.3 Fv 

lysate at different levels o f ammonium sulphate saturation.
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Figure 6.3: Solubility profile for total protein dissolved in clarified Dl.3 Fv 

lysate at different levels o f ammonium sulphate saturation.
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6.4.2 The effect of Q/Z, dilution and ammonium sulphate concentration 
on mass transfer parameters in fouled columns

In the following two sections, the frontal analysis response is examined as a 

frmction of the preparative methods used to treat the feed material. Mass 

transfer is looked at from the two simplest perspectives: K, which is the relative 

density of free adsorption sites after fouling and Bi, which reflects the balance 

between external and internal mass transfer resistances.

6.4.2.1 Variation in K

Twenty-four streams were prepared from the Dl.3 Fv lysate, directed by the 

experimental design of Table 6.1. 50 mL samples of each stream were used to 

perform a frontal analysis fouling test, fouling a Q-Sepharose column, which 

was then used to measure a BSA breakthrough curve (Section 2.2.2.4). These 

curves were then analysed according to the model described in Chapter 4, 

calculating the mass transfer coefficients for the fouled columns. Over the series
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of experiments, for which results are given in Table 6.2, the mean value of K  

was 49.2 and the standard deviation was 15.4.

Table 6,2: The set o f  stream treatments, and the corresponding value o f  K 

measured by frontal analysis.

Dilution C en t Time Am. S u lf Compress K
Experiment ( - ) (min) (% sat") + / - ( - )

1 20 90 40 - 61.1
2 10 30 40 - 55.0
3 2 20 40 + 34.3
4 10 90 20 - 58.5
5 20 20 20 - 71.0
6 10 20 20 - 49.3
7 2 30 40 - 36.7
8 1 30 20 + 35.1
9 2 10 20 - 34.4
10 5 10 40 - 44.4
11 10 90 40 - 81.9
12 5 20 20 - 45.9
13 2 20 20 - 34.1
14 5 10 20 - 46.0
15 20 10 40 - 71.0
16 1 10 40 + 33.2
17 5 90 20 - 61.4
18 20 90 20 - 72.1
19 2 90 40 - 37.0
20 10 20 40 - 61.0
21 1 90 20 + 59.0
22 1 30 40 + 35.2
23 10 30 20 - 30.8
24 1 10 20 + 33.2

Qualitatively, setting each factor at their highest levels (40% saturation 

ammonium sulphate, 1:20 dilution, 90 min centrifugation time) should tend to 

produce higher values of K, consistent with lower fouling. To determine which 

factors or combinations of factors had significant effects on the value of K, an 

ANOVA test was performed to calculate their magnitude and compare them to 

the amount of error. ANOVA estimates the contribution of each effect by first 

fitting a mathematical model to explain the response (here K) in terms of the 

factors. As only one and two-factor interactions were considered, there were 

three main effects and three interaction effects to be examined. The overall form 

of the model was a linear combination of the effects, with scalar constants as
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coefficients. For a linear model involving n observations of a response to three 

factors (/, j, k \  the model takes the form:

/= 1  7 = 1  k = '\

(Equation 6.5)

where Bo is the mean value (model intercept) and S is the error. Assessing the 

model’s sensitivity to changes in each factor revealed their relative significance.

Table 6,3: ANOVA results for experimental values o /K  collected from runs 

described in Table 6.2. SS ^  sum o f squares, DF = degrees offreedom, MSQR = 

mean square, PR = probability o f significance.

Model SS DF MSQR F-Ratio PR
Main Factors - Linear 4153.18 7 590.74 6.021 0.998
&ror 1569.73 16 98.11
Total 5704.91 23

Sources of Variation SS DF F-ratio PR
Dilution 1869.52 4 4.764 0.990
Am. Sulf. Concentration 19.37 1 0.197
Centrifugation 709.43 3 2.410 0.896
Compression 0.0007 1 0.000

The top half of Table 6.3 describes the overall model, where the contribution of 

all main factor effects was much greater than the estimate of error. The error 

term of Equation 6.5 is the sum of two components: lack of fit, and pure error. 

Pure error is zero in this experimental design, as the runs were not replicated. 

All error therefore pertains to lack of fit. The statistical significance of the 

model is expressed in probability terms, at a value of 0.998. Estimates of the 

main effects are presented in the bottom half of Table 6.3, indicating that only 

dilution produced an effect larger than the system error, at a significance of 

0.990. The effect of centrifugation was not as significant, as its magnitude was 

less than half that of the error.

Interaction effects are best expressed using a half-normal probability plot to 

display the absolute effects that each of the factors and interaction terms had on
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the value of K. Constructing this plot is also a means of testing the data for 

normality (Daniel, 1976). If the 24 observations of K  are normally distributed, 

then plotting the cumulative frequency against scaled effects should yield a 

straight line, when using a probability scale for the axis. DOE-PC IV scaled the 

effects so that they had a common range, independent of their units of 

measurement, so their magnitudes could be more directly compared.

Figure 6.4: Half-normal probability plot showing the effects o f one and two- 

factor effects on the response o f K.
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Factor effects that are not significantly different from zero form a cluster near 

the zero effect value, through which a straight line may be drawn. Terms that 

have a contribution to the response different from zero tend to lie away from that 

straight line. Interactions that lie on the line are indistinguishable from random 

variation or noise. The interactions in the above plot are coded in a numerical 

format, which is explained in Table 6.4. Although only linear effects are 

considered, the ANOVA was repeated considering the contribution of quadratic 

terms to the model, which are also plotted in Figure 6.4. Their inclusion allowed
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a better estimate of the zero-effect line estimation. These interactions are not 

considered further.

Table 6.4: Explanation o f numerical codes employed in Figure 6.4. A -  

Dilution; B = Ammonium sulphate concentration; C = centrifugation time.

Code Effect

2000 A '
1100 AB

2100 A^B
1010 AC

1020 ACf

2010 A^C
0110 BC

0120 B (f

The significant linear effects in order of apparent significance are AC, AB, B 

and A, using the nomenclature of Table 6.4. Equation 6.5 was simplified to 

account for these interactions only:

p̂redicted = ^0 + A + ^ 2  + ^3 (^) + ^4 (^) +  ̂ (Equatlon 6 .6 )

the results of which are plotted in Figure 6.5, which was an additional check on 

the quality of the model.

Figure 6.5: Observed K  compared against the statistical model prediction o f  K  

fitted using only significant factors and interactions.
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6 4.2.2 Variation in Bi

The experiments of the previous section entailed the simultaneous evaluation of 

all the kinetic parameters of the approximate analytical breakthrough curve 

equation (Equation 4.22): kf, Ds, K  and Bi. Bi expresses the balance between 

external and internal mass transfer coefficients, k/, and Dg. Small Bi represents 

the case where the external fluid film dominates. Large Bi indicates an 

increasing influence hrom the internal resistance. Chapters 3-5 indicated that 

externally controlled mass transfer was likely caused by external particulate 

attachment. However, more severe fouling (causing very rapid, abrupt 

breakthrough) indicated the preponderance of internal fouling, much of which 

appeared to be due to the presence of lipids. Bi results for the experiments are 

presented in Table 6.5. Over all the runs, the average was 1.158 and the 

standard deviation was 0.536. The response of Bi to each factor set at its highest 

level should be a tendency to decrease.

Table 6.5: The set o f stream treatments, and the corresponding value o f  Bi 

measured by frontal analysis.

Dilution C en t Time Am. S u lf Compress Bi

Experiment ( - ) (min) (% sat") + / - ( - )
1 20 90 40 - 0.76
2 10 30 40 - 0.88
3 2 20 40 + 1.69
4 10 90 20 - 0.78
5 20 20 20 - 0.75
6 10 20 20 - 0.75
7 2 30 40 - 1.52
8 1 30 20 + 1.95
9 2 10 20 - 0.67
10 5 10 40 - 0.78
11 10 90 40 - 0.82
12 5 20 20 - 1.87
13 2 20 20 - 0.89
14 5 10 20 - 0.62
15 20 10 40 - 1.79
16 1 10 40 + 0.72
17 5 90 20 - 0.81
18 20 90 20 - 1.65
19 2 90 40 - 0.81
20 10 20 40 - 1.78
21 1 90 20 + 1.97
22 1 30 40 + 0.52
23 10 30 20 - 0.52
24 1 10 20 + 2.11
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To determine which factors or combinations of factors had significant effects on 

the value o f Bi, an ANOVA test was performed to calculate the magnitude of the 

effects and compare them to the amount of error. Table 6 .6  gives the results of 

the test, which describes the success in overall modelling and the individual 

effects for the main factors.

The ANOVA model was a linear combination model, considering one and two- 

factor interactions. The contribution from all main factor effects combined was 

much greater than the lack of fit error, resulting in a level of significance of 

0.999. Estimates of the main effects are presented in the bottom half of Table 

6 .6 , indicating that none of the factors produced an effect larger than the system 

error. The effect of dilution was the most significant, with a probability of 

0.788. All effects were further examined through the construction of a half

normal probability plot, shown in Figure 6 .6 .

Table 6.6: ANOVA results for experimental values o f  Bi collected from runs 

described in Table 6.2. SS = sum o f squares, DF = degrees offreedom, MSQR = 

mean square, PR = probability o f  significance.

Model SS DF MSQR F-Ratio PR
Main Factors - Linear 4.917 7 0.702 6.600 0.999
Error 1.703 16 0.106
Total 6.620 23

Sources of Variation SS DF F-ratio PR
Dilution 0.699 4 1.642 0.788
Am. Sulf. Concentratior 0.051 1 0.476 -

Centrifugation 0.024 3 0.074 -
Compression 1.639 1 15.401 0.999

Dilution was clearly the most influential of the factors studied. Its relationship 

to Bi was explored further, by plotting the range of Bi as a function of dilution 

factor, shown in Figure 6.7. Bi was much reduced at dilution factors 5 and 

above, though the reduction appeared to occur in a step fashion. Very little 

change in Bi was seen, for example, when moving from dilution factor 5 to 20. 

Additionally, when diluted at factors 1 and 2, the variability in the response was
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much greater. Figure 6.7 expresses the range of Bi measured at each dilution, 

together with the variability in the data, represented by the median and quartile 

statistics. Table 6.5 reported that column compression was evident in all 

experiments using undiluted materials and on one occasion, using 1:2 diluted 

material. The compression in each of these cases was mild (< 3%), and was 

dealt with as described in Chapter 3, by controlling stream application such that 

the column pressure drop at no stage exceeded 1.0 MPa. Compression was 

treated as a casual factor in these experiments; one over which there was no 

experimental control. When its presence/absence was included in the ANOVA 

calculations, its effect had a significance of 0.999, suggesting that the occurrence 

of compression favoured large Bi, or in mass transfer terms, a larger resistance to 

internal diffusion.

Figure 6.6: Half-normal probability plot showing the effects o f one and two- 

factor effects on the response o f  Bi. Coding nomenclature is the same as 

described in Table 6.4.
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Figure 6.7: The relationship between Bi and dilution factor, showing the spread 

o f data. The data spread is denoted by the median result (white line) and the 

solid bar encompasses data between the and 7 percentiles. Variability in 

the data was reduced as the dilution factor increased.
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Figure 6.8: Observed Bi compared against the statistical model prediction o f  

Bi.

2.0

1.8

1.6

1.4

| l . 2 H

J i . o0Û

0.8

0.6

0.4

0.2 -I— I— '— I— '— I— '— I— '— I— '— I— '— I— '— I— '— I— '— I— '— r~ 
0.2 0.4 0.6 0 .8 1.0 1.2 1.4 1.6 1.8 2.0 2.2 2 .4

Bi
predicted

137



Centrifugation time did not appear to significantly affect the value of Bi. 

Although changing the centrifugation time must affect the supernatant’s particle 

size distribution (Varga, 1997; Maybury, 1998), this variation alone was 

insufficient to change the apparent balance between internal and external mass 

transfer coefficients. Another explanation is that dilution caused such large 

reductions in solids loading, that the differences due to centrifugation alone were 

overshadowed. Alternatively, dilution could have caused the re-dissolution of 

any protein precipitate particulates that carried over from centrifugation. As was 

the case for the analysis of K  responses, the concentration of ammonium 

sulphate used in precipitation appeared to have negligible effect on the value of 

Bi.

6.4.2.3 General mass transfer observations from frontal analyses tests 
(BSA-Q-Sepharose interaction)

Increasing the ammonium sulphate concentration from 20% to 40% caused an 

18% reduction in the amount of total soluble protein present. Yet the values of 

K  and Bi, measured by frontal analysis using the BSA-Q-Sepharose system, were 

apparently unaffected by the change. Of course, both 20% and 40% saturated 

materials had conductivities too high for proteins to interact with the column via 

straightforward electrostatic interactions. Even if the binding conditions in the 

Q-Sepharose column had been more amenable to ion exchange, any directly 

bound proteins would have been eluted from the column during the washing 

stage, which was conducted using a linear NaCl gradient fro 0 to 0.5 M. Rather, 

the protein interactions looked for in this study were of a more complex nature; 

those that would endure the washing step, either through the formation of 

colloidal particles (Borrega et al., 1999; Poon and Haw, 1997) or complexes 

with other species, notably lipids (Soeda, 1997).

Dilution causes a large reduction in the total amount of foulants, which had an 

unambiguous effect on both K  and Bi. The results of Chapters 3-5 demonstrated 

that the fouling by particulates was predominantly by attachment to the beads’ 

external surfaces. Furthermore, the effect was exacerbated where fouling 

species have access to and can associate with the bead interiors. In Chapter 5, 

lipids played this role. In the DI.3 Fv lysate system, peptidoglycan fragments
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and other outer membrane material are likely to play an analogous part. The 

effect was clear, with K, the relative amount of free adsorption sites, plainly 

increasing as the fouling material was made more dilute. At high dilution 

factors, dilution had almost no influence over the value of Bi. Bi was higher 

when dilution was low, indicating the dominance of internal resistances, 

however the variability in the data was too large to make real claims as to 

fundamental shifts in mass transfer mechanism.

Centrifugation had a relatively small effect on K  and almost none on Bi. Both 

dilution and centrifugation reduced the amount of solids in the stream. Choice 

of centrifugal conditions also has a bearing upon the type of solids present, as 

separating finer particles requires higher forces. In contrast, dilution causes the 

same degree of removal for all classes of foulant present. The most interesting 

mechanistic observation was that centrifugation had almost no effect on Bi, 

which meant that the balance between internal and external mass transfer 

resistances was independent of the size-range of particulates present, at each of 

the dilution factors used. Thus, if the process material was diluted 1:5, for 

example, the centrifugation time (over the range studied) had limited influence 

on the fouling outcome. The implication of this result is that there may be a 

diminishing-retums effect with respect to centrifugal force; that there exists 

some critical force, above which, there is no tangible return in terms of reducing 

fouling.

6.4.3 The effect of Q/E, dilution and ammonium sulphate concentration 
on HIC performance.

6.4.3.1 HIC purification of ADH from buffer streams

Each of the 24 streams were supplemented with a commercial preparation of 

yeast ADH, to a final concentration of 88  U.mL"\ A control experiment was 

conducted, which used a plain running buffer stream which also had had ADH 

added to it. HIC experiments were the same as those used in Chapter 5, except 

that sample loading was ceased once the ADH concentration in the effluent had 

broken through to a concentration 5% of the feed (not 15%). For the control 

HIC process, 5% breakthrough occurred after 46.15 column volumes had been 

fed, so the maximum theoretical yield was approximately 4080 U. After
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washing and elution, 3900 U ADH were recovered, representing a yield greater 

than 97%. The purity of the recovered material was 342 U. mg protein'\ which 

compared well with the commercial preparation of the enzyme used to spike the 

D1.3 Fv streams in the first place (370-420 U.mg protein'^ Sigma-Aldrich, 

Poole, UK).

6.43.2 Column operation during HIC processing using attenuated D1.3 Fv 
streams

Feed application to the HIC columns (Phenyl-Sepharose - Section 2.5.2) was 

conducted using the same controls, with respect to column pressure and the 

occurrence of compression, as had been the case with the Q-Sepharose columns 

used for frontal analysis. The column pressure limit was set at 1.0 MPa and the 

flowrate at 0.3 mL.min'\ As had been the case in Chapter 5, it was important to 

maintain the same hydrodynamic conditions during fouling exposure for both 

HIC and frontal analysis columns, if the results were to be compared with one 

another. Therefore, it was important that the flowrate be the same. The present 

experiments exercised less control over the amounts fed to the HIC column. The 

fouling test used a standard volume of 50 mL, as determined in Chapter 3. HIC 

processes operated with a stoppage criterion of 5% breakthrough of ADH in the 

effluent. As the level of foulants increased, one expects that this level of 

breakthrough should occur at shorter times. The feed concentration was chosen 

such that when 5% breakthrough was attained, enough material had traversed the 

column to elicit a fouling response. The actual concentration of 88  U.mL'^ was 

chosen based on the material of Experiment 1 (Table 6.7), which theoretically 

would produce the least fouling of the 24 attenuated streams. The degree of 

foulant exposure during the HIC experiments was therefore not constant, varying 

from 39.2 - 48.6 column volumes. Feeding the HIC columns a constant volume 

would have meant loading to a non-constant breakthrough amount, because the 

streams were different, and some broke through earlier than others. Had that 

been allowed, the yeilds would not have been comparable. Alternatively, if the 

frontal analysis experiments had used the corresponding breakthrough volumes 

(39.2 - 48.6 mL) instead of the standard 50 mL, it would have introduced 

volume as another variable in the test itself. The test aimed at becoming as
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standardised as possible, so this was undesirable. The best approach was to 

make the process constant: a HIC column fed to 5% breakthrough, with 

whatever yield resulting from that measured and compared against the results 

obtained from the standardised fouling test using frontal analysis.

6.4.3.3 HIC purification of ADH from attenuated D1.3 Fv lysate streams

Chromatographic performance is expressed in Table 6.7 as the relative dynamic 

capacity achieved by each run. The value is the total yield from the HIC 

process, for each of the attenuated streams, divided by the dynamic capacity 

determined for the control (3900 U).

Statistically, the analysis was performed in exactly the same way as was done for 

K  and Bi results, producing the ANOVA Table 6 .8  and the half-normal 

probability plot shown in Figure 6.9. The quality of the model is also depicted 

in Figure 6.10, showing the agreement between observed and predicted HIC 

process yields.

Table 6.7: The set o f stream treatments, and the corresponding process yields,

Dilution Cent. Tim e Am. S ulf Com press T  N

Experimeii t ( - ) (min) (%  sat”) +  /  - ( - )
1 20 90 40 - 0.81
2 10 30 40 - 0.75
3 2 20 40 + 0.38
4 10 90 20 - 0.72
5 20 20 20 - 0.72
6 10 20 20 - 0.57
7 2 30 40 + 0.44
8 1 30 20 + 0.42
9 2 10 20 + 0.32
10 5 10 40 - 0.44
11 10 90 40 - 0.76
12 5 20 20 - 0.49
13 2 20 20 + 0.37
14 5 10 20 - 0.48
15 20 10 40 - 0.56
16 1 10 40 + 0.24
17 5 90 20 - 0.69
18 20 90 20 - 0.84
19 2 90 40 + 0.58
20 10 20 40 - 0.61
21 1 90 20 + 0.45
22 1 30 40 + 0.41
23 10 30 20 - 0.72
24 1 10 20 + 0.28
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Evidently, the effect of centrifugation was more pronounced than it had been in 

the K  and Bi cases. Yield results were spread over a large range. The best 

performing processes were those using the materials of Experiments 1 and 18, 

which both employed the longest centrifugation step and the highest dilution 

factor, attaining over 80% of the yield obtained in the control experiment. It 

appeared that the ammonium sulphate concentration had no effect on the yield.

Table 6.8: ANOVA results for experimental measurements ofprocess yield 

collected from runs described in Table 6.2. SS = sum o f squares, DF = degrees 

offreedom, MSQR = mean square, PR = probability o f significance.

Model SS (X 10^) DF MSQR (X 10^) F-Ratio PR
Main Factors - Linear 0.956 7 0.137 13.456 1.000
Error 0.162 16 0.0101
Total 1.120 23

Sources o f Variation SS (X 10^) DF F-ratio PR
Dilution 0.233 4 5.742 0.995
Am. Sulf. Concentratioi 0.000 1 0.000 -

Centrifugation 0.217 3 7.128 0.997
Conpression 0.0475 1 4.677 0.956

The worst performing processes were those that used materials from 

Experiments 16 and 24: undiluted samples centrifuged at the lowest force. The 

range, in terms of units of ADH was from 940 - 3325 U, meaning a 71% 

reduction in yield over the range of experimental conditions. Purity is not 

considered here, as the ADH had been added to streams that had been 

centrifuged and/or diluted, so the amount of total non-ADH protein was not the 

same. Specific activity data for the eluted material would have been 

uninformative.
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Figure 6,9: Half-normal probability plot showing the effects o f one and two- 

factor effects on the response o f process HIC yield. Coding nomenclature is the 

same as described in Table 6.4.
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Figure 6,10: Observed yield compared against the statistical model prediction 
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6.4.3.4 Correlations between frontal analysis measurements and HIC 
process yield results

The simplest means of examining the relationship between frontal analysis 

measurements and the HIC performance data was to simply examine the 

correlation between them. Figure 6 .11 shows the values of K  plotted against the 

yield data of Section 6.4.3.2. The correlation coefficient, r, between these sets 

of data, scaled to be independent of the units of measurement, is 0.788, which 

means that 62% {r )̂ of the variation in yield is explained by a linear relationship 

with the measured value of the parameter K. The correlation between yield and 

Bi was poor, with the linear model sufficient to explain just 42% of the variation 

in yield (result not shown).

Figure 6,11: Process yields plotted against values o f K  measured using frontal 

analysis fouling test.
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6.5 Conclusions

In this Chapter, detailed evaluations of mass transfer kinetics were made in 

columns that were treated with feeds that were progressively less fouling. 

Firstly, the presence of elevated amounts of soluble contaminating protein, 

manipulated by the choice of precipitating salt concentration, had no effect on 

fouling, and further, no effect on the process yields when the streams were used 

in HIC purifications. In this instance, proteins seemed to interact with the 

column via simple electrostatics, as washing was sufficient to negate any 

detrimental effect they may have had. Proteins are capable of irreversibly 

fouling matrices (Xu and Huang, 2000), however this was absent from this 

system.

Centrifugation was not as influential as would have been expected in changing 

the fouling properties of the stream. The value of Bi appeared to be insensitive 

to the degree of centrifugal processing, however the value of K  was marginally 

more responsive. The Q/E (Section 7.1.4) range over which the response was 

studied was 5.53 x 10'  ̂ ms'  ̂ to 5.60 x 10'^  ̂ m s'\ which is high in terms of 

relative centrifugal force. These values represent the high end of relative 

centrifugal forces used industrially, and are reasonable and appropriate to the 

process at hand: clearing spheroplasts and fine cell debris from a lysis reaction 

(Maybury, 1998). The import of the result is that in this region there was no 

obvious benefit gained by processing at higher forces.

Centrifugation’s effect on yield was much more pronounced, indicating that any 

relationship between frontal analysis K  and HIC yield is probably not one of 

straightforward proportionality. Overall, an encouraging correlation was 

detected between the value of K  and the yield, with at least 62% of their 

covariance attributable to linearity between them. The strength of the correlation 

is enhanced by considering the HIC results from Chapter 5, where ADH was 

purified from yeast homogenate samples using Phenyl-Sepharose columns. The 

homogenate system of Chapter 5 also exhibited low sensitivity in X as the Q/S 

was changed. Over ODôoo clarity differences of 80-95%, the variation in K  was 

just 44.25 - 47.00. Those experiments were the same as those of this Chapter, 

except that the foulants were those present in processed yeast material, rather
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than E. coli derived, and provides another source o f  K  versus yield data. 

Although only six observations are available from the A D H -hom ogenate system , 

the degree o f  hom olog} between the two sets o f  results is very encouraging  

(Figure 6.12), noting also that the hom ogenate data even involved different 

m odes o f  processing including centrifugation, filtration and PEI flocculation.

Figure 6.12: Process y ie ld  and K  values from  the yeast homogenate system  

studied in Chapter 5 (circles), superim posed on the correlation between K  and  

y ie ld  observed fo r  the series o f  attenuated D1.3 Fv streams.
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From a practical point o f  v iew , measuring as a stream fouling property appears 

to be the m ost prom ising m eans o f  predicting fouling-related deterioration in 

process performance. The existence o f  a relationship betw een K  and 

performance supports the original hypothesis: that fouling species exert their 

detrimental effects in analogous ways, irrespective o f  colum n chemistry. Both 

Q-Sepharose (frontal analysis) and Phenyl-Sepharose (HIC) appear to have been  

similarly affected, though no data exists to extend that group to include other 

anion exchangers, cation exchangers and affinity media. This is a necessary
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caveat to realise, as the materials dealt with in the present study are very similar 

structurally (Sepharose-based). The current results only allow comment on the 

use of centrifugation to reduce the value of K  and thereby minimise the effect of 

fouling. In this example, centrifugal forces corresponding to Q/Z = 5.53 x 10'  ̂

ms*’ and below had a significant effect on process yield, though did not appear to 

have a large impact on changing the mechanism of mass transfer. Additional 

experiments are required to determine the critical Q/Z at which solids removal 

begins to have a significant effect on K  or Bi. Solids removal obviously has a 

profound effect on column fouling. Chapter 5 demonstrated that the method of 

solids removal had as substantial effect as the degree of clarification, on 

influencing column performance. The selection of solid-liquid separation 

equipment is therefore important to bioprocess synthesis, and is addressed in 

Chapter 7.
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7.0 A CENTRIFUGAL CLARIFICATION INDEX TO AID 

SEPARATIONS DESIGN FOR BIOPROCESS FLOWSHEETING

7.1 INTRODUCTION

The popularity of centrifugation in bioprocessing is a legacy of the first 

biotechnology processes, which typically dealt with low titres and large amounts 

of starting material (Bailey and Ollis, 1986). A straightforward solution was to 

adopt centrifugation technology from mature large-scale industries such as 

breweries and dairies.

As biotechnology production has matured and diversified, the solid-liquid 

separation issue has been changed by two factors. Process volumes are falling in 

many sectors due to higher product titres in primary production, or higher drug 

efficacies through protein engineering or better screening procedures. Secondly, 

there is an array of alternative unit operations available, through advances in 

membrane filtration and the invention of expanded bed chromatography and 

other separations.

For process synthesis, it is important to be able to compare one centrifuge with 

another, and then to compare that group of centrifuges with competing 

technologies. Accordingly, there is much interest in establishing predictive 

measurements and methods that give quality process-scale information using 

early development (or even discovery) fermentation/process sources. This 

chapter reports research which provides the basis of a laboratory test to assess 

the appropriateness of centrifugation, to assist in making these comparisons.

7.1.1 Centrifuges commonly used in bioprocessing

A brief description of commonly used centrifugal equipment is provided. The 

more comprehensive reviews found in Perry et al. (1984), Axelsson (1985), 

Sheeler (1981), West (1985) and Sharma (1994) are recommended to the reader.

7.1.1.1 Disc stack centrifuges

Dise stack centrifuges are popular by virtue of their ability to continuously 

discharge solids (Bloomberg, 1991; Okarma, 1991). Feed enters the separation
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area near the base of the machine through a central pipe, and rises through a 

stack of discs -  actually truncated cones -  spaced 0.4 -  3 mm apart (Thilly and 

Tyo, 1991) (Figure 7.1c&d). The close spacing promotes rapid settling of solids, 

which collect on undersides of the discs. Once they have aggregated there is 

very little chance of re-entrainment in the liquid. The centrifugal force (4000 -  

14000g) then moves the settled solids outwards, radially, to the edge of the 

bowl. Solids are discharged continuously with a small amount of liquid, through 

nozzles placed around the periphery of the bowl (Figure 7.Id). In the most 

common configuration, the bottom section of the bowl is actually a moveable 

sleeve, in contact with an elastomeric ring around the periphery of the rotor, 

forming an annular seal. Contact is maintained either by spring pressure or by 

supplying a constant flow of an auxiliary hydraulic fluid. To discharge the 

accumulated solids, the sleeve moves away from the sealing ring, allowing the 

centrifugal forces to expel material of appropriate consistency. Their application 

is limited to accumulated solids that are plastic enough to flow through the 

discharge mechanism. This often means that overall dewatering is 

comparatively poor. Disc stack centrifuges are ideally suited to whole cell 

removal, but often capable of only partial clarification when treating cell debris 

and precipitates (West, 1985). Particle disruption in the high-shear feed zone 

can result in significantly reduced efficiencies, which can sometimes be 

alleviated by hermetic seals and reduced-shear feed zone designs.

7.1.1.2 Tubular bowl centrifuges

In this machine, a tubular bowl is suspended from an upper drive assembly, 

supported at the base on a flexible-drive drag bearing (Figure 7.1a). The spindle 

must be flexible so that as the bowl fills with solids, it is free to find its natural 

axis of rotation. Feed is introduced under pressure to a stationary feed nozzle at 

the base, which distributes the material evenly, such that it flows up the walls of 

the tube in a thin film; as an annulus. Fluid is maintained at the rotational bowl 

speed by using an internal Y-shaped vane, which also damps surge waves and 

maintains balance during deceleration. Solids in the feed are thrown outward by 

the centrifugal force, where they collect against the bowl wall. Liquid moves in 

a thin film up the wall of the bowl, to the top, where it overflows as clarified
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supernatant. Exiting fluid is subject to high shear forces, and is propelled at high 

speed, striking the collection cover, which can lead to considerable foaming. 

This can be avoided by fitting radial or face seals.

7.1.1.3 Scroll decanters

Scroll decanters consist of a helical screw conveyor enclosed by a rotating 

cylindrical bowl. The cylinder commonly has a conical end, as shown in Figure 

7.le. The feed is introduced to the cylindrical end of the machine. The screw 

and bowl rotate at slightly different speeds, so that as solids sediment against the 

bowl walls, they are scrolled up towards the conical end, termed a “beach”, 

before being discharged. Rotation is usually around a horizontal axis, facilitated 

by a drive and end bearing, usually limited to 2000-4000 rpm. These machines 

are capable of continuous solid and liquid discharge, and are popular with high 

solids applications.

7.1.1.4 Multi-chamber centrifuges

This is a modification of the tubular bowl centrifuge, where the bowl consists of 

a series of short tubular sections of increasing diameter, nested to form a 

continuous tubular passage of stepwise increasing diameter. The feed is 

introduced to the smallest diameter tube, where the centrifugal force is at a 

minimum, and flows through successively greater force zones. Larger particles 

sediment first, in the small diameter zones, and fine particles sediment in the 

large diameter tubes towards the end. Industrially, the multichamber is suited to 

the large-scale recovery of fine, low density difference suspensions (Foster, 

1994; Boychyn et al., 2000). Multichamber machines possess a large solids- 

holding space, and are capable of good clarification efficiency and dewatering. 

The principal disadvantages are the need for batch recovery of solids and long 

residence times, leading to large temperature increases of process fluids (Bell, et 

al., 1983). The latter is largely overcome by direct cooling of the bowl, 

centripetal pump and frame.
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7.1.1.5 Basket centrifuges

Basket centrifuges rotate on a vertical axis (Figure 7.1f). The bowl is usually 

cylindrical, and perforated. Usually operated in a batchwise manner, the feed 

slurry is thrown against the perforated wall, which allows the liquid to escape. 

Solids are compressed into a cake on the spinning wall, to be collected after an 

appropriate degree of de watering; either manually from a stationary bowl, or 

with a knife at low rotational speed.
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Figure 7.1: Commonly used centrifuges in hioprocessing: a) tubular bowl; b) 

m ulticham ber centrifuge); c) and d) disk stacks; e) scro ll decanter; f)  basket 

centrifuges.
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7.1.2 Theory o f  centrifugal sedimentation

Stokes law  (Stokes, 1851) remains the m ost convenient m odel describing  

particle sedim entation in centrifuges. It is also a popular first m ethod o f  

centrifuge design  and specification. The m odel defines the settling velocity  o f  a 

particle in a centrifugal field, v̂ ., as a function o f  the particle diam eter d, the 

density difference betw een the particle and suspending liquid, Ap, the dynam ic 

viscosity , p, the angular velocity, co, and the effective radius o f  the centrifuge, re
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(Equation 7.1). The key assumptions are that the particles are small, inert 

spheres, under laminar flow conditions, in dilute suspension. These requirements 

are rarely satisfied in application, though the model still provides an adequate 

description. Alternative models accounting for turbulent flow are proposed by 

Sokolov (1971) and Hsu (1981), though are not considered here.

..
V ̂  = — —---------  (Equation 7.1)

1 op

For any particle experiencing a centrifugal field, the velocity vector in response 

to centrifugal acceleration is the product of the squared angular speed, and 

the particle’s radial position relative to the axis of rotation, r . The centrifugal 

force is m o f r , where m is the particle’s mass.

For separation to occur continuously, particles must migrate in the dispersed 

phase at a velocity v̂-, in a direction other than parallel to that of the continuous 

liquid carrier phase. A particle’s motion in the field depends on the balance 

struck between its natural buoyancy, a function of the mass of fluid it displaces, 

and the frictional drag force, proportional to the radial velocity defined above. 

Stokes law is the direct result of applying Newton’s second law of motion (force 

equates with the product of mass and acceleration) for a spherical particle. The 

relationship can be re-written for motion due to gravity alone, Vg, as:

V = — —------ (Equation 7.2)
 ̂ 18p

Comparing Equations 7.1 and 7.2 reveals that Vr is related to Vg by: 

co^r
v_ = v_  (Equation 7.3)

g

The ratio y /  is referred to as the relative centrifugal force (RCF) or “g -

number”, which simply describes the centrifugal force as a multiple of normal 

gravity. This number is often used by manufacturers to describe centrifuges, 

though alone, is inadequate in estimating capacity (Axelsson, 1985).
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7.1.3 The E concept

Centrifuges are commonly described in terms of a E-value, or equivalent 

settling area, which originates from Stokes law, introduced above. This value is 

a means of normalising centrifuges in terms of a standard geometry: that of a 

simple settling tank. A function of centrifuge geometry and rotational speed, 

E is the settling area a simple tank would need to effect the same degree of 

clarification. The term’s earliest use was to facilitate centrifuge scale-up based 

on laboratory data (Ambler, 1959).

A number of assumptions are required in deriving the E value for a centrifuge. 

The first is that Stokes law describes the settling velocity: that the Reynolds 

number is less than 0.4. Secondly, the particles are assumed to be spherical and 

do not aggregate or disassociate during their passage through the centrifuge. 

Lastly, the particles must be evenly distributed in the continuous liquid phase 

and that their concentration is low enough to negate the effects of hindered 

settling. So, the particle requirements for E theory closely resemble those for 

Stokes law.

E theory also makes certain assumptions regarding the liquid flow in the 

centrifuge. For a disc stack machine, as an example, laminar flow is assumed at 

all points in the disc space. Additionally, the liquid phase is assumed to divide 

evenly between all disc spaces, and the velocity profile, normal to the disc 

surface, is symmetrical. No tangential flow should occur, and separation is 

assumed to be completely irreversible: particles never re-enter the continuous 

liquid phase via back mixing.

Since the flow is assumed to be evenly distributed, then the proportion of the 

total flow, g , passing between a pair of adjacent disks is given by ^ = Q/n, 

where n is the number of discs. As there is no tangential flow component, and 

the profile is normal to the disc, then liquid flow is confined completely to the 

radial plane, and is therefore subject to the same angular velocity conditions as 

the discs. If these prerequisites are observed, then the unit flow, q, is related to 

the meridian fluid velocity, v(h), by:
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q = j l n r  v(h) dh (Equation 7.4)

where r represents the radial position in the disc space and h is the gap width. 

This is best illustrated by the following diagram, which traces the path of a 

particle within a disc element.

Figure 7.2: Flow through the disc element o f  a disc stack centrifuge, after 

Mannweiler, (1989).

V (h)

Vz COS 6

do Q

Centrifuge performance is best described by considering those particles for 

which separation is marginal: those that are just separated under the prevailing 

conditions. Referring to Figure 7.2, consider the trajectory of the particle from 

the uppermost face of the bottom disc, to its final position at the interior edge of 

the top disc. This particle is just separated. A larger particle would deposit on 

the upper disc further to the left, and smaller particles would be entrained in the 

liquid leaving the disc space at the inner radius Ri.

The flow velocity is a function of the radius of rotation: 

1 dq
v(h) =

2nr dh
(Equation 7.5)
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The particle trajectory within the disc space, as depicted in Figure 7.2, is given 

by the radial settling velocity, v̂ :

dr dh ^
= (Equation 7.6)

where 0 is the upper disc angle. The component of the particle velocity parallel 

to the disc surface is approximately equal to that of the continuous carrier phase, 

v(h):

dL dr
= -  = (Equation 7.7)

Rearranging Equations 7.6 and 7.7 in terms of dt gives the differential quotient 

of the particle trajectory:

dr =  ̂  ̂ tanG dh (Equation 7.8)

Substituting Equation 7.5 for \(h) and Equation 7.3 for in Equation 7.8,

rearranging and integrating between Ro and Rj yields:

? = (Equation 7.9)

Substituting Q/n for q, and adding a factor, yi (Mannweiler et al., 1989), as a 

correction for the presence of rib spacers, gives the equation for a disc stack 

centrifuge containing n discs:

2  = ^ ^ ( ^ 0  -  R ') / l (Equation 7.10)

where f i  is:

(Equation 7.11)

'R„

where zi is the number of spacer ribs on a single disc and bi is their width. If 

point spacers are used rather than rib spacers, then f t  is equal to unity. In
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Equation 7.10, Vg describes the settling characteristics of the particles, separate 

from the geometric and mechanical features of the disc stack (Mannweiler,

1989). Equation 7.10 can therefore be re-written as:

Q = Vg'L (Equation 7.12)

where S is given by:

= (Equation 7.13)

Defining a specific throughput capacity qs = Q/2 and comparing with Equation 

7.12 reveals that all particles with v >^^will be removed from the liquid

phase:

9. = f  (Equation 7.14)

where Vgc is the critical settling velocity, equal or greater to which, particles will 

be certain to sediment.

The Q/S concept has been used widely for scale-up calculations in bioprocess 

design (Ambler, 1959). Equation 7.12 holds that the performance of any two 

centrifuges treating the same suspension will be the same, as long as the specific 

throughput capacity, Q/S, is held constant, giving the scaling equation:

—  = —  (Equation 7.15)
S, S ,

The S value can be calculated, using derivations similar to those shown here for 

a disc stack, provided the geometry of the machine is known. Solving Equation 

7.14 for particle diameter, dc'.

(E<l-ü.nXÏ6)

The critical diameter is not an absolute rating or cut-off point for a centrifuge. 

As particles are evenly distributed across the entrance to the separation area.
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particles smaller than dc which start above the upper surface of the bottom disc 

(Figure 7.2) may also be recovered.

7.1.4 Centrifuge selection for industrial applications

Theoretically, centrifuge design proceeds from the basic design equation given 

as Equation 7.13, which describes the flowrate as a function of the particle 

settling velocity and the separation area. Equation 7.3 defines the RCF required 

to effect a given degree of separation, which often is the first indicator of which 

type of centrifuge is likely to be most appropriate.

A feed suspension’s particle size distribution is often unavailable to the 

designer, making it impossible to accurately calculate the settling velocity and 

thus obtain a reasonable estimation of the correct RCF. The specific process 

specifications are also important, and may vary considerably during the early 

stages of process development. Rough estimates are commonly made by 

spinning small samples of material in a clinical or laboratory machine, 

calculating the volume of solids settled, and the clarity of the supernatant. The 

results from these simple experiments are then scaled-up, using Equation 7.15. 

Once the designer obtains that estimated design: a type description, and a size, 

represented by the equivalent settling area, the task is then one of finding the 

best match among commercially available machines.

Table 7,1: Suggested RCF ranges for a selection o f  commonly used centrifuges 

(after Sharma, 1994).

Type o f  Centrifuge Typical R C F  R ange
Common bench-top clinical centrifuge 500- 1500
Basket and filter centrifuges 300- 1500
Decanter centrifuges 1500 - 4500
Dis k-s tack centrifuges 4000 - 13000
Tubular bowl centrifuges 10000 - 17000
Laboratory centrifuges 100000 - higher

Centrifuge selection, in practice, also has recourse to a vast literature of case 

studies. Some authors have produced and tabulated heuristic guidelines, based 

on this body of work. Three such tables are presented in Table 7.2, where
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centrifuge selection is shown to be a function of the solids content (usually on a 

v/v basis), the texture of the solids, and the anticipated flowrate.

The largest obstacle to getting centrifuge specification correct the first time is 

that the amounts of material available for study is usually very small. Designers 

are thus obliged to use smaller equipment, which often bears little resemblance 

to the final industrial machine, especially with respect to flow conditions and 

shear effects (Levy et al., 1999).

Table 7.2: Three tables summarising centrifuge selection heuristics for

bioprocess applications.

Sharma (1991)
% Solids Supernatant Solids Type Solid/liquid Recommended
(v/v) boundary centrifuge
1 0-60 clear fibrous/sticky relatively

well-defined
decanter

0.5 - 20 cloudy or clear fluffy or sliny boundary not 
well-defined

disk-stack

<1 cloudy or clear not as critical as for the above 
continuous types

tubular bowl

< 5 cloudy not as critical as for the above 
continuous types

chamber-bowl

Belter, er a / .(1988)

Transport of % Solids Max flowrate
Machine sediment (v/v) m  ̂hr'^
Tubular bowls Stays in bowl 0 -1 150
Solids ejecting Intermittent discharge through 0.01 -10 200
(nozzle) axial channels
Solids ejecting Intermittent discharge through 0 .2 -2 0 100
(slot separator) radial slot
Nozzle separator Continuous discharge through 1 -3 0 300

nozzles near bowl edge
Decanter Internal screw conveyor 5 -8 0 200
Belter, et al .(1988)

Microorganism Size Relative Recommended
Product (pm) Throughput centrifuge
Bakers' yeast Saccharomyces 7 -1 0 100 Nozzle
Bakers' yeast Saccharomyces 5 - 8 70 Nozzle
Alcohol yeast Saccharomyces 5 - 8 60 Solids ejecting
Single cell Candida 4 - 7 50 Nozzle, decanter
protein
Citric acid Mold 30 Solids ejecting 

decanter
Antibiotics Mold - 20 Decanter
Antibiotics Actinornyces 10-20 7 Solids ejecting
En^m es Bacillus 1 -3 7 Nozzle

Solids ejecting
Vaccines Clostridia 1 -3 5 Bowl

Solids ejecting
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Maybury et al. (1998) demonstrated modifications to disk stack centrifuges 

allowing them to run with a reduced feed requirement. An insert was placed 

inside the machine, which effectively blanked off 70% of the bowl volume and 

reduced the separation area by 76%. The clarification performance of the 

scaled-down machine compared very well with that of the full-scale machine.

Boychyn et al. (2000) further developed the scale-down approach, devising a 

laboratory centrifuge mimic to be applied to centrifugal recovery of protein 

precipitates in industrial centrifuges. The 2-factor for a laboratory centrifuge 

with a swing-out rotor is given by the following expression:

gin
 ̂ (Equation 7.17)

Rj +R^

where Viat is the volume of material in the tube, and Ri and R2 are respectively 

the inner and outer radii; the respective distances between the centre of rotation 

and the top of the liquid and the bottom of the tube. For short spin times, 

acceleration and deceleration phases also contribute significantly to the process 

(Maybury, et al., 1998). Assuming linearity for changes in rotational speed, a 

modified expression is obtained:

-  2 x -  2y)

6 g ln
(Equation 7.18)

+ -̂ 1

where x and y  are the fractional times required for acceleration and deceleration, 

respectively.

Boychyn et al. (2000) compared centrifuges of different designs and sizes using 

the following equation as a basis:

Q in d u s tr ia l ^ la b  I ̂ lab

r  T c y
industrial industrial lab lab

(Equation 7.19)

where Qindustriai is the flow rate through the industrial machine, tiab is the 

residence time in the laboratory centrifuge, and Cindustriai and Ciab are correction 

factors to account for non-idealities in fluid flow. The laboratory centrifuge is
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considered as the baseline (i.e. Ciat = 1 .0 ). Cindustnai is specific to the type of 

centrifuge: disk stack machines have a correction factor of 0.4 (Boychyn et al., 

2000); the CARR powerfuge tubular bowl a factor of 0.9 (Boychyn et al., 2000); 

and multichamber centrifuges have factors also approximately 0.9 (Svarovsky,

1990).

The RCF developed by a laboratory centrifuge is described by the following 

relationships:

RCF„„„= —  
g 8 ln(RjRA

(Equation 7.20)

Sedimentation is a rapid event in industrial machines. Boychyn et al. (2000) 

report that the laboratory centrifugation times required to mimic the rapid 

clarification of industrial machines are approximately 4-5 fold greater than the 

mean liquid residence times.

Subsequent work (Boychyn et ah, 2000a) showed that processing laboratory 

samples in a shear device could mimic the shear present in the centrifuge feed 

zone, which had been responsible for breaking the precipitate particles, altering 

the suspension particle size distribution, and therefore invalidating recovery 

predictions based on the laboratory centrifuge results.

7.1.5 Objectives of this research

Centrifuge performance deviates from Stokes law predictions because the 

model’s assumptions are not met practically. Correcting the model has proven 

difficult because the assumption violations are typically complex: flow non

idealities that depend on geometry; hindered settling effects (Middleberg, 1988; 

Richardson and Zaki, 1954); the heterogeneity of biological particles; the 

changeable nature of carrier fluids in the process (Clarkson, 1994). 

Inconsistencies from Stokes law calculations are problematic enough when the 

feed material is fixed. At the process synthesis stage, where the feed properties
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often change in response to and with development, rigorous Stokes law 

calculations might be even less meaningful.

Nevertheless, the simplicity of Q/Z theory is very appealing to synthesis. First, 

it is based on parameters that are not centrifuge-specific. Second, it has an 

established, successful history as a basis for scale-up and scale-down (Maybury, 

1998; Boychyn et al., 2000). Additionally, the technique allows one to quickly 

build up a bank of process-relevant clarification data for any suspension.

In the early stages of process synthesis, the clarification set points are subject to 

change, in response to other process interactions; for instance a desire to further 

reduce solids loading before chromatography. To achieve this change, usually 

the size of the centrifuge, and/or the fiowrate at which it is operated, must be 

modified. The flexibility available to the designer in this regard, depends on the 

properties of the suspension. Some suspensions require quite large changes in 

Q/Z to bring about modest increases in clarification, while other suspensions are 

such that it is relatively easy to reconfigure centrifuge operation.

This part of the thesis considers an application of scale-down technique, which 

characterises suspensions in a way that describes their response to changes in 

Q/Z, in terms of clarity. The intention of the method is to identify streams for 

which centrifuge specification is less robust. Difficult streams restrict the 

designer’s capacity to manipulate performance by changing fiowrate, meaning 

that centrifugation may be less appropriate than other solid-liquid separation 

methods.

7.2 THEORETICAL BASIS AND CALCULATION PROCEDURES 

FOR THE CENTRIFUGAL CLARIFICATION INDEX (Co)

7.2.1 Definition of C o

Recovery curves describe the settling behaviour of suspensions. They are 

constructed by performing a series of centrifugations at different relative 

centrifugal force (represented by Viab/Ciab̂ iabUab) and plotting Viab/Ciab̂ iabtiab on 

a standard logarithmic scale, against the clarification achieved on a probability

162



scale. Linearisation of the clarity data is achieved by converting those clarities 

to probabilities (normal distribution), z, ranging from 0  to 1 ;

/u;o^i) =  ̂ (Equation 7.21)

This choice of scales usually confers linearity. The centrifugal clarification index 

(Cci) is defined as the slope of the recovery curve, and is always negative for 

settling suspensions.

Standard linear regression techniques calculate the slope and y-intercept values, 

giving the general description of the recovery curve:

/«.%c = Ca  (Equation 7.22)

where is the inverse of the normal cumulative distribution corresponding to 

any clarification point on the profile, y», is the inverse of the normal cumulative 

distribution corresponding to the profile’s intercept on the clarification axis, at 

the corresponding Viai/Ciab̂ iabfiab- This basic model for the clarification profile 

can be used to calculate the necessary Viai/Ciab îabtiab to effect any given degree 

of clarification.

7.2.2 Centrifuge specification using Cci

Consider the set of available industrial centrifuges, represented in Figure 7.3a for 

illustrative purposes, by a continuous number line. The general task is to specify 

a range of E-values which are appropriate to a given application. Initially, the 

E-factor for the base-case design, Eq , is calculated using the designer’s best 

estimate of fiowrate. This calculation requires the batch volume and an 

estimation of process time, based on the designer’s experience and other 

information about the process. The range is determined by the value of Cci. 

Recalling the definition of Cci, suspensions with a steep recovery curve are 

generally easier to clarify and consequently, specifying a centrifuge size is 

relatively straightforward, as only small changes in fiowrate (and thus Q/E) are 

necessary to change the clarification. By contrast, suspensions with flatter 

recovery curves are more difficult to specify equipment for, as changing the
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clarity calls for large changes in Q/E. Therefore, the designer may consider a 

smaller range of E-values for easy settling suspensions.

This is achieved by adding an amount to Eq, defining the other limit, En, as 

shown in Figure 7.3b. Figure 7.3c illustrates the results of the procedure for two 

suspensions A and B; A being easily clarified, B less so; defining E^ and EJ 

respectively.

Suspensions fall into one of three categories, depending on their Cci value. The 

amount added, d, is described as follows:

III

0 > Cqj ^ —0.5 
— 0.5 > Cqj ^  —1.25 

C q j  < —1 .25
(Equation 7.23)

Theoretically the E range-width is specified by the following relationship:

where ô= /  {Cqj ) (Equation 7.24)f f l  ^ l o g - + Ô

.  U J 0

Centrifuge conditions here are described in terms of Q/E, comprised of the 

industrial centrifuge fiowrate and E-factors equivalent to the Viai/Ciab̂ iabtiab 

conditions used in the laboratory centrifuge.
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Figure 7,3: Conceptual diagrams explaining the procedure o f  assigning a range 

o f I  values on the basis o f Cci measurements.

a)
Low 2 HighS

b)

c)

A

Zo Z/if

y A
L n

B -A

First estimates of di, djj, dm are estimated in Section 7.3.4, by considering the 

centrifugal conditions required to effect 99% and 97% clarification, for the 

following materials: homogenised Fab’ lysate (Cci = -0.39; d/-class), sheared 

Fab’ and D1.3 Fv lysates (Cci = -1 .0 2 , -0.60 respectively; d//-class) and 

unsheared Fab’ lysate (Cci = -1.25; d///-class).

7.3 RESULTS AND DISCUSSION

A number of different bioprocess suspension samples were analysed, to assess 

method reproducibility and to verify that the differences among the observations 

were consistent with expectations, based on the unit properties; particle size, 

viscosity and density. An example application is presented to illustrate the 

process synthesis utility of Cci. The technique is used to evaluate the settling
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behaviour of three E. coli cell extracts comparing the results of centrifuge 

selection for each case.

7.3.1 Reproducibility and batch variability of Cci measurements

Cci determination focussed on a limited range of clarifications, generally 80- 

100% (Table 7.3). There were two reasons for concentrating on this region. The 

principal reason was that clarifications below 80% are not as relevant to the 

initial synthesis/design application. The second was that errors increased 

markedly as lower clarifications were considered: poor solids compaction made 

it difficult to avoid solids overflow when removing supernatants for analysis; 

solids-rich supernatants also required high dilution factors for 

spectrophotometric analysis to become appropriate. Limiting the range of the 

experiment enabled the errors to be contained satisfactorily. The errors reported 

in Table 7.3 pertain to the experimental technique itself, as the experiments were 

controlled for batch to batch variability by performing all measurements with the 

same sample set. Once satisfied that the experimental error was contained to ~ 

5%, the technique was used to assess batch to batch variability, with respect to 

Cci (Figure 7.4). The graphical style of Figure 7.4 shows Cci (Equation 7.22) 

plotted against the Q/Z {Viai/Ciab îabtiab) conferring an arbitrary degree of 

clarification, chosen as 99.5% here. The areas contained by the error bars in 

Figure 7.4 represent 95% confidence intervals based on measurements of 4 

separately prepared batches of each material.

The position on the horizontal axis is related above all to ease of settling by 

virtue of particle size and/or density differences between the solids and 

suspending liquids (Equation 7.1). Yeast homogenate, with smaller and more 

widely distributed particle sizes (Siddiqi, 1996; Boychyn et al., 2000), poses 

more of a clarification challenge, requiring lower Viai/Ciab̂ iabtiab than whole 

bacterial cells, whose mean particle size is greater and more homogeneous. 

Accordingly, the results are ranged along the horizontal axis, apparently grouped 

according to mean particle size. Thus Figure 7.4 shows whole cells and lysate 

suspensions are grouped in the Viai/Ciab îabtiab ~ 1  ̂ 10 '̂  ms'^ region, whereas 

the Viab/CiabÊ iabtiab for yeast homogenate is approximately 2  x 10 '̂  ̂ ms"\
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Table 7.3: A comparison o f  errors, expressed as standard errors o f  the means, 

fo r  replicate (n = 4) measurements o f  Cci for a variety o f process materials. 

The replicate materials in each case were sampled from the same hatch, so that 

the observed errors are associated with the experiment, and do not reflect batch 

to batch variations in the materials themselves. Reproducibility is much 

improved by limiting the range o f clarifications studied to 80-100%.

Material
Standard Errors of the Means

20-100% 
clarification range

80-100% 
clarification range

DFv culture lysate 19.0 6.3

Ammonium sulphate 14.9 4.7
precipitates

Yeast cell suspensions 23.2 5.3
Yeast homogenates 13.3 5.8
E. coli fermentation broths 21.8 2.1
PEG-casein precipitates 38.4 3.4
FAb culture lysate 12.1 1.9

Figure 7.4: Cci o f  biological materials and the ViafCiabFiabtiab required to

effect a 99.5% clarification, for a range o f bioprocess materials. Error bars 

indicate 95% confidence intervals based on samples drawn from 4 

independently prepared batches o f each material: #  E. coli broth, J f  whole 

yeast suspension, A  PEG-casein precipitates, A  ammonium sulphate 

precipitated protein, <C> Fab ’ lysate, OD1.3 Fv lysate, O  yeast homogenate.
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7.3.2 The effect of solids concentration on Cci measurement

Varying yemst homogenate feed concentrations over the range 75-600 g.L’  ̂

packed weiight yeast revealed that Cci was sensitive to solids loading. The 

dependency/ illustrated in Figure 7.5 shows that Cci became more negative with 

increasing sscolids concentration. Cell breakage in homogenisers is a first order 

process (Hettherington et al., 1971), independent of solids concentration, so the 

particle sizce distributions for each homogenate were essentially the same 

(Siddiqi et al., 1996). The position along the abscissa shows that each 

homogenate settled at a similar equivalent Viai/Ciab-̂ iabtiab, with the exception of 

the 600 g.L'^' sample, which settled at a higher Viab/Qab̂ iabtiab- 600 g.L'^ is at the 

edge of the conditions used to establish the disruption kinetics. All samples 

contained e;mough solids (> 2 % v/v) for hindered settling to be important 

(Mannweileir;, 1989).

7.3.3 Momiitoring the changes in Cci during the processing of E. coli cells

The Fab’ miaiterials described in Figure 7.6 are differently prepared extracts of 

the same E. iccoli cell. They are plotted on the one graph to illustrate the fact that 

as the cells \w/ere processed, their Cci results changed consistently with how their 

suspension cclhajacteristics had been altered. For example, the data for whole 

Fab’ expresssiing E. coli cells sourced from fermentation may be compared with 

that measureecd for the spheroplast preparation containing Fab’. Spheroplast 

formation enittailed the removal of the bacterial outer membrane only, leaving the 

inner memfoirane intact. The suspension contained small fragments of 

membranous» material, peptidoglycan fragments and intact spheroplasts. The 

unit properticeîs o f the latter approximate to those of whole cells. The results for 

the whole cellls and spheroplasts with debris were very similar to one another. 

Spheroplasts; were sheared in a purpose-designed device (Le\y et al., 1999; 

Boychyn et call., 2000a) to approximate the effect of shear-related breakage that 

may occur im tthe feed-zone of a disc-stack centrifuge, causing the recoveiy curve 

to shift signiifficantly (Figure 7.7). In contrast, whole cells from fermentation 

were shear imssensitive. This is readily understood given that whole cells should 

have greater mechanical strength and resistance to shear with their double 

membranes iimtact. In addition, the conditions responsible for lysing the outer
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membranes may also have substantially weakened the inner-membranes, 

explaining why the spheroplasts appeared to be more sensitive to shear. Figure 

7.7 also illustrates the fact that a steep slope dictates that for any given change in 

Viai/Ciab îabtiab (or RCF), there is a larger impact on the corresponding 

clarification (vertical axis) than would be the case if the recovery curve was 

flatter. A decreased slope (less negative Cci) was also evident, attributable to a 

combination of factors, presumably arising from lysis, including rupture of 

spheroplasts, the presence of intracellular materials, spreading of particle size 

distribution and increased viscosity. The effect was taken further by deliberately 

fully homogenising the spheroplasts, ensuring complete rupture. Total release of 

intracellular material caused even stronger shifts in both Cci and the 

Viai/Ciab îabtiab required to attain 99.5% clarification. Figure 7.6 also describes 

Cci result for sheared lysate samples from the D1.3 Fv process. Its position 

along the horizontal axis is similar to that observed for sheared lysate from the 

Fab’ process, indicating that the suspensions possess comparable mean particle 

size, on a Q/Z basis. The 1)1.3 Fv material has a less negative Cci than the Fab’ 

material, indicating that it is more difficult to process, in that a step increase in 

clarification requires a larger change in Q/Z.
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Figure 7.5: Shifts in Cci and equivalent Q /I  required to effect a 99.5%

clarification o f  yeast homogenate, as a function o f  solids concentration (g.L'^ 

packed  yeast): m  75 g.L-‘, 0 I5O g .V ', T 280 g.L'', A  450 g .V ', AôOOg.U'.
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Figure 7.6: Shifts in Ca and equivalent Q/Z as a result o f processing for

Fab ’ lysate material: A  sheared D1.3 Fv lysate, ÊÊ Fab ’ lysate homogenised at 

500 bar g for 5 passes, A  sheared Fab ’ lysate, 0  non-sheared Fab ’ lysate, O  

Fab ' expressing E. coli cells resuspended in PBS to same solids concentration 

as the lysate preparation.
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Figure 7.7: Shift in recovery curve fo r  Fab ’ lysate in response to shear

exposure: M  unsheared Fab ’ lysate, O  sheared Fab ’ lysate (sheared at an 

energy dissipation rate o f  7.3 x l ( f  Watt.kg'^).
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7.3.4 Practical application : centrifuge specification on the basis of Cci

H aving exam ined the relationship o f  C ci and V iat/C iahFiadiab with respect to 

sedimentation o f  cells and their extracts, it is o f  interest to explore the value o f  

these indices in the initial selection o f  industrial centrifuges. Real application o f  

C ci would be likely to take a conservative base-case design, typically a low er  

clarification, and assess the impact o f  increasing that demand, in terms o f  

performance, and ultimately, cost. A s an exam ple, the processing o f  2.5 m  ̂

batches o f  each o f  Fab’ lysate, Fab’ homogenate and D 1.3 Fv lysate can be 

considered. The exam ple illustrates the need for process flexibility, and 

involves the change in centrifuge requirements as a result o f  increasing the 

clarification criterion to 99% and 99.5%  from a base design level o f  97%. This 

is a relevant change, as this could have large effects on the propensity o f  the
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material to foul downstream operations, particularly chromatography, as was 

seen from the frontal analysis fouling tests using D1.3 Fv and Fab’ materials in 

Chapter 3. The base-case assumes a fixed maximum target process time of 2 hr 

(base-design fiowrate = 1.25 m^.hr'^). A specific range of industrial centrifuges 

{A, B,..., F) were considered for the task, with Z-values of 1800, 8850, 28700, 

49200, 67000 and 195900 m^, respectively. A sedimentation efficiency of Ec -  

0.4 was assumed. The discrete centrifuges was chosen to emphasise the point 

that process designers do not have the capacity to specify a continuous range of 

Z-factors; instead, Z-factor calculations act as a guide to existing machines, 

whose Z-factors are fixed. Therefore, design must strike some compromise 

between clarification and fiowrate.

First estimates of the parameters d/, ôn, dm in Equation 7.23 were calculated by 

considering the centrifugal conditions required to attain 99% and 97% 

clarification, for each material: homogenised Fab’ lysate (Cci = -0.39; d/-class), 

sheared Fab’ and D1.3 Fv lysates (Cci = -1.02, -0.60 respectively; d//-class) and 

unsheared Fab’ lysate (Cci = -1.25; d///-class). Table 7.5 shows the results of 

process simulations, revealing values for d/, ôn and d///. Equations 7.23 and 7.24

were applied to the base-case designs in each case, yielding the Q/Z, Q

which in turn enabled re-calculation of Z-factors and flowrates at the 

clarification of 97%. The Table also shows the fiowrate penalties incurred in 

each case, that is, the reduction in fiowrate necessary to achieve 99% 

clarification using the base-case Z-values. The degree of flexibility chosen in 

extending the base case design, I q , out to 2 ^, involved d/, d// and dm values 

chosen to fit the categorisation of materials founded on Cci values (Equation 

7.23), with the necessity of assigning a wider Z range for more difficult 

materials. They also were selected with the need to restrict the operating Q/Z to 

the manufacturer’s recommended range of Q/Z = 7.90 x 10'  ̂m.s'* to 1.10 x 10'  ̂

m .s '\ Indeed, di, (0.36) and d// (0.44) proved to be quite similar, suggesting that 

the classification system could be simplified even further to two groups.
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Table 7.4: Selection o f industrial disc-stack centrifuges used in simulation case 

studies. Maximum and minimum flowrates are recommendations from the 

manufacturer, designed to give a range o f operating Q/E : 7.90 x 10'^ m.s'^ to

1.10 X 10-̂  m.s -1

Centrifuge

Sediment Holding 

Space (L)

E

(m^)

Feed Rates (E. coli) 

min (L.hr *) max (L.hr’ )̂
A 0.25 1800 50 70
B 1.5 8850 250 350
C 3.9 28700 800 1100
D 16 49200 1400 1900
E 17 67000 1900 2700
F 9 195900 5500 7700

Table 7.5: Process simulation results for four process materials, showing the E  

factors required to deliver 97% and 99% clarity, at the design fiowrate o f  1.25

m3.hr The resultant ô values are first estimates for defining ranges o f Q/E 

suitability, based on Cci measurements, as described in Equations 7.23 and 

7.2̂ .̂

Material Cci Class d

Design Base Case 
@ 99%  clarification 

(Q/E)o So

Reduced Design Case 
@ 97%  clarification 
(Q/S)„ Zn

Fiowrate
Penalty

FAb -125 Ô, 0.36 2.23E-08 15587 5.06E4)8 6862 44%

Sheared FAb -1.02 Ôll 0.44 6.91Er09 50245 1.89E-08 18371 37%

Sheared DFv -0.60 ÔI, 0.44 2.02E-08 17197 5.52E-08 6288 37%

FAb homogenate -0.38 ÔJII 1.17 8.04E-10 431959 1.18E-08 29425 7%

Processes were compared on the basis of a scaling factor (/o^«), which was 

calculated as the ratio of Z- factors required to give the base-case performance 

and design clarifications respectively:

(Equation 7.25)

where En is the Z-factor required to meet the new clarification demand (99 or 

99.5%) and Eq is the Z-factor required to allow the base-case design 

clarification, in this case 97%. Figure 7.8 shows the difference in scaling factor,
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arising from Z-factor calculations based on the models of Maybury et al. (2000) 

and Boychyn et al., (2000), to achieve the new clarification set-points.

The best means of clarifying the Fab’ material to 97% was to use centrifuge D. 

99% clarity was also possible using this machine, within the fiowrate limits. In 

setting out to achieve 99.5% clarity, there was no benefit in moving to larger 

machines, as the requisite Q/Z lay outside the recommended operating ranges for 

all machines. Operating with centrifuge D limited clarification to approximately 

99%, which could not be improved without reducing the fiowrate to the point 

which would not maintain completely flooded conditions in the centrifuge. 

Centrifuge D was also most appropriate for achieving 97% clarity with the D1.3 

Fv material. Operating two of the smaller C centrifuges in parallel was also an 

option, but is more expensive in terms of capital costs. Centrifuge D remains 

the machine of choice if the 99% criterion had to be enforced, though if that 

were raised to 99.5%, then moving to the centrifuge F would achieve this set 

point without compromising fiowrate objectives. The difference in capital cost 

was $US 147,000 at 1999 values. Equipment costing is more complex than this, 

as the true economic worth of a process option depends on many other factors, 

such as operating costs, raw material/product costs and production schedules. 

All cost comparisons in this paper are based on capital costs alone (Section 

2.6.4).

Changing the clarity demand from 97% to 99% required about twice the settling 

area for the Fab’ material, whereas the same change necessitated a more than 

five-fold increase for D1.3 Fv. The disparity between scaling factors becomes 

even larger at 99.5% clarity. Fab’ centrifuge selection is more robust, but there 

are limits to the highest clarification achievable. The D1.3 Fv system choices 

are strongly dependent on clarification demands, but are amenable to all 

performance demands considered here.
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Figure 7.8: Scaling differences for three process materials: A  homogenised

Fab’ material, #  D1.3 Fv lysate, O  Fab’ lysate, as a result o f changing the 

clarity criteria from 97% (base-case) to 99% and 99.5%, respectively. Data 

enclosed by dotted boxes denotes operations that actually fell short o f the 

required clarity.
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7.4 CONCLUSIONS

C ci satisfies the following criteria as a diagnostic test: firstly it is reproducible 

for any given batch of suspension material, and the results compare adequately 

across different batches (Figure 7.4). Secondly, the test appears to successfully 

reflect physical changes in materials brought about by processing. Cci is a 

sensitivity parameter, which allows a graphical means of summarising the design 

trade-off between clarity and fiowrate, and its relationship to installed settling 

area. C ci extends the use of S-theory by combining three key issues (clarity- 

flowrate-area) and uses new scale-down procedures to provide the necessary
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information quickly. The graphical method proposed allows the development 

engineer to easily visualise the consequences. A similar approach could be 

taken with microfiltration, where balancing the flowrate-clarity-area relationship 

is also crucial. By developing a more sophisticated parameter for solid-liquid 

separation, the design of bioprocesses can be provided with a technique for 

faster process synthesis.
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8.0 OVERALL CONCLUSIONS

Scale-down technology is based on identifying special conditions or phenomena 

present in industrial scale process equipment, and recreating them at bench scale. 

In this way, process designers are able to mimic large-scale operations using 

very small amounts of material. Where an appreciation of shear forces was vital 

to scaling down centrifuges (Boychyn et al., 2000), the translation of process 

chromatography to the bench scale depends on an understanding of fouling. 

Recreating processes at the bench has obvious advantages in terms of time and 

costs; enabling designers to trial numerous candidate process sequences, 

collecting enough data in order to choose between them. However, an 

appreciation of fouling also contributes to generating those candidate sequences 

in the first place.

Figure 1.6 in the Introduction put forward a generic framework that summarised 

biopharmaceutical processes as a group of preparative operations, culminating in 

a capture chromatography stage. That initial preparative sequence, which 

performs solid-liquid separations and other operations, is responsible for 

limiting the amounts and types of foulants carried over into chromatography 

feed streams. This Thesis has considered a method of measuring the fouling 

properties of such streams, in addition to gathering more information on the 

mechanisms by which foulants interfere with chromatographic performance.

A laboratory test was successfully developed, based on the technique of 

measuring frontal analysis breakthrough curves for columns before and after 

exposure to the foulant-containing streams. Breakthrough curves provide a 

snapshot of mass transfer processes within columns. AVhen columns were 

exposed to foulants, significant shifts in the shape of these curves took place, 

because the columns’ mass transfer characteristics had changed as a result of 

fouling.

An approximate analytical equation for adsorption breakthrough was 

implemented to calculate the precise nature of these changes. The model 

provided excellent descriptions of early breakthrough events, allowing the
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calculation of the internal diffusion mass transfer coefficient, Ds, the external 

fluid film resistance, kj, and the parameter K, which reflects the total number of 

adsorption sites available for binding. The Biot number, Bi, a dimensionless 

number reflecting the balance between the two mass transfer resistances, ranged 

between 0.5 - 1.85, indicating that neither resistance exclusively controlled mass 

transfer. It is therefore likely that both resistances are important when 

evaluating mass transfer events in fouled columns.

The test was applied to the analysis of two processes: the purification of ADH 

from bakers’ yeast homogenate and that from a lysed preparation of E. coli cells 

expressing the D1.3 Fv antibody fragment. The ADH process analysis 

proceeded analogously to the scheme of Figure 1.6 , where a common source 

material, yeast homogenate, was taken through several different preparative 

sequences (including centrifugation, filtration and flocculation options) before a 

common capture chromatography stage, in HIC. Each of the processes produced 

a different feed for the HIC operation, and these streams were the subject of 

fouling tests using frontal analysis. Both the extent and method of solids- 

removal were important to the performance of the HIC capture chromatography 

step in ADH purification. The reason for this is that the mode of processing 

influenced the foulant composition of the product stream, which determined its 

fouling properties. Particulates and lipids had a marked effect on fouling, while 

nucleic acids were comparatively benign. The apparent fouling mechanisms that 

prevailed in fouled Q-Sepharose columns (frontal analysis fouling test) were 

consistent with the performance deterioration observed in the HIC process 

system. Indeed, at least 62% of the variation in HIC dynamic capacity was 

explained by a linear relationship with K, an important result from the frontal 

analysis tests. This observation strengthened the hypothesis that fouling streams 

exerted analogous effects |n the two types of column considered here, despite the 

fact that they utilise quite different associative chemistries.

Furthermore, the relationship between K  and HIC dynamic capacity was 

corroborated by the results from work using the D1.3 Fv lysate system. Again 

following Figure 1.6, a common source material, D1.3 Fv lysate spiked with 

pure ADH, was processed differently, producing a range of feed streams for
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HIC. The modes of processing D1.3 Fv material were varied in a systematic 

manner, so that the resulting range of HIC feeds approximated a continuous 

scale of fouling strengths. Fouling properties and HIC performance were 

assessed in the same manner as had been the case for the yeast homogenate 

work. The results confirmed the K  versus dynamic capacity relationship seen 

earlier. From a practical point of view, measuring K as a stream fouling 

property appears to be the most promising means of predicting fouling-related 

deterioration in process performance.

Fractional precipitation, centrifugation and dilution were used to prepare D1.3 

Fv lysate streams for HIC, and process variations were made in such a way as to 

reveal the individual contributions of each, in attenuating stream fouling 

characteristics. Centrifugation was not as influential as would have been 

expected in changing the fouling properties of the stream, though did have a 

pronounced effect on eventual HIC yield. The important indication of the result 

was that there was a limit to the degree to which a stream’s fouling properties 

could be improved by intensifying centrifugation.

Additionally, the bakers’ yeast ADH process studies revealed large differences 

in performance between centrifuged and filtered materials, emphasising that the 

choice between them is not a trivial one. A quantitative means of choosing 

between these two operations was sought by developing a measurement to assess 

the appropriateness of centrifugation, called the centrifugal clarification index, 

Cci. Cci successfully summarises the design trade-off between supernatant 

clarity and feed fiowrate, and its relationship to installed settling area. The 

measurement is reproducible for any given batch of suspension material, and the 

results compare adequately across different batches (Figure 7.4). Secondly, the 

test appears to successfully reflect physical changes in materials brought about 

by processing. Cci is a sensitivity parameter that extends the use of S-theory by 

combining three key issues (clarity-flowrate-area) in a readily visualised manner.

This Thesis has developed two physical property tests to drive bioprocess 

synthesis and design. The frontal analysis fouling test is an important tool in 

diagnosing capture column performance in the face of foulant challenges. 

Further, it is the source of K  data, which may assume a predictive role in
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assessing the performance of process options, using material generated by 

scaled-down processing. Fouling properties give an indication of what the 

capture chromatography column is capable of withstanding in terms of foulant 

challenge. With that information defined, the role of the synthesis engineer is to 

choose the minimum though sufficient preparative sequence (solid-liquid 

separations and other operations) to deliver that stream quality. The centrifugal 

clarification index addresses this problem from the point of view of detecting 

suspensions for which centrifugal clarification is less appropriate than other 

methods, especially where changes in clarification set points are concerned.
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9.0 RECOMMENDATIONS FOR FUTURE WORK

Four areas of research should follow directly from the work presented in this 

Thesis. Further examination of the application of the frontal analysis fouling 

test is warranted, extending its use to other matrix systems. Secondly, detailed 

elucidation of fouling mechanisms requires continued attention. Although the 

results here relating the fouling test results to FQC performance were 

encouraging, large-scale process verification of those predictive powers should 

be pursued. Finally, the implementation of fouling results, Cci and other 

physical properties into a generic framework for synthesis needs to be addressed.

9.1 FURTHER EXAMINATION OF THE FRONTAL ANALYSIS 

FOULING TEST

9.1.1 Mechanical and chemical aspects of the solute-matrix interaction

The results discussed in this Thesis suggested that the foulants present in yeast 

homogenate and E. coli lysate preparations exerted their deleterious effects in 

analogous ways, in Q-Sepharose and HIC media. Alternative explanations for 

these similarities exist, which prompt further investigations of the method itself.

The solute-matrix systems here: ADH-HIC and BSA-Q-Sepharose, bear 

similarities in themselves. Firstly, the resins were nearly identical, structurally. 

Both resins were based on Sepharose, manufactured to the same bead size. This 

means that their hydrodynamic stability, especially in terms of their resistance to 

deformation in response to increased pressure, would have been similar. The 

implications of resin compression were only assessed in so far as establishing 

that the number of theoretical plates, as a measure of performance, was not 

consequently compromised. Extending the frontal analysis test to apply to other 

resins must consider differences in mechanical strength, because the response to 

hydrodynamic stress is an important variable determining the access to the bead 

interiors. If the Q-Sepharose-based frontal analysis test is to be applied to 

predicting the behaviour of resins based on other materials (Sephadex, 

Sephacryl, etc) then hydrodynamic conditions need careful attention.
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There was a strong correlation between the adsorption of BSA to Q-Sepharose 

and the recovery of ADH by HIC. The BSA molecule is significantly 

hydrophobic, as was ADH, though it is unlikely that hydrophobic factors played 

any role in the BSA-Q-Sepharose interaction, because the ionic strength was too 

low, meaning that ionic forces predominated. While conditions, here, precluded 

interactions of similarity (BSA and ADH hydrophobicity); the experiment 

highlights the problem of relating systems of different associative chemistries 

with one another. In most cases, it would just necessitate the cautious selection 

of experimental controls. In these experiments, for example, foulant-matrix 

interactions were addressed exclusively from a non-ionic point of view, so salt 

washes were used to remove ionically bound species. Therefore, fouling from 

competitive ionic binding was not considered. In this case, the capture method 

was HIC, performed under conditions that discouraged ionic interactions. 

Therefore, it was important to preclude non-specific ionic binding to the Q- 

Sepharose column, which would have competed with BSA in the determination 

of breakthrough curves for the fouled column, producing an over-estimation of 

fouling. That column was fouled only with the materials that had survived the 

salt wash, held presumably by non-ionic interactions, therefore more 

representative of what would happen in the HIC system. Hence, in considering 

other anionic, affinity or cationic exchangers, it is necessary to give careful 

attention to the selection of conditions and controls.

9.1.2 Detailed elucidation of fouling mechanisms

Mathematical modelling allowed some insight on fouling mechanisms, in that it 

permitted the calculation of mass transfer characteristics of fouled columns. 

This did not, however, provide an unambiguous description of fouling 

mechanisms. Some mechanistic information became available in the case of 

yeast homogenate, where it appeared that lipids tended to associate with bead 

interiors, and particulates with the surfaces; though the E. coli system provided 

no clear signs. It is a simple exercise to specify likely foulants: the 

peptidoglycan constituents of the lysed outer membrane debris, periplasmic 

proteins, etc; though less straightforward to prove their direct involvement. 

Another example of ambiguity was the apparent benignity of nucleic acids. One
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reason is that most of the nucleic acid considered here was in double stranded 

form: genomic fragments and supercoiled double stranded fragments. Fouling 

was performed under neutral pH and room temperature conditions, so that the 

intensely hydrophobic bases of the molecule remained intercalated with one 

another and were therefore shielded from interacting with the resins. In the 

homogenate cases, some mRNA would have been present, whereas for the lysate 

materials, the mRNA would have been retained in, and removed with, the 

spheroplasts. In double stranded form, the major source of resin interaction 

would have been via the strong negative charge carried by the phosphodiester 

backbone of the molecule. Even so, DNA thus adsorbed would have been 

readily removed by the salt washing.

The frontal analysis test was originally envisaged as a technique that allowed the 

user to bypass some detailed mechanistic information, especially that concerned 

with the specific identity of foulants, so that the effects could be concentrated 

upon. While this has been achieved in the cases presented here, there is still a 

need to identify the foulants involved, in order to better remove them or 

attenuate their effects. Future attempts at elucidating this information should 

eschew mass balancing on specific components, as the quantities involved are 

very small. Recently developed methods of direct visualisation, including 

confocal microscopy, look promising for this application.

9.2 LARGE SCALE VERIFICATION OF FOULING EFFECTS

The Q-Sepharose and HIC systems that correlated well to one another were 

operated under similar hydrodynamic conditions, in that they were performed at 

the same flow rate. Further, the dimensions of the column were identical. 

Further work is required to verify that the relationship between K  and dynamic 

capacity holds at larger scales. In scaling chromatography systems, it is common 

to scale up and down on the basis of maintaining a constant linear velocity. For 

reasons explained in Section 6.1.1.2, large-scale columns tend to minimise 

column length as well, necessitating larger diameters. Flow distributors 

generally provide an even flow across the total surface area, when dealing with 

very clean feeds. For less clarified feeds, deterioration in hydrodynamic
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conditions may influence the yield and purity achieved, affecting the relationship 

between K  and dynamic capacity. Therefore, the performances of the less 

intensive processes studied here (low clarification centrifugation) require large- 

scale verification.

Another large-scale issue requiring additional work is the question of matrix 

regeneration. Fouling tests in this Thesis were always performed with fresh 

columns. The fouling test offers the opportunity of assessing the effectiveness 

of CIP treatments in regenerating columns, from a mass transfer perspective.

9.3 INTEGRATION OF PHYSICAL PROPERTIES INTO A 

GENERAL BIOPROCESS SYNTHESIS FRAMEWORK

The Introduction described recent advances in computer-based applications that 

co-ordinate process knowledge into process sequence selection schemes. The 

simplest examples were those which consider the physical property differences 

between product and contaminants, then choose operations that exploit those 

differences best. This Thesis has developed quantities that look to forewarn 

designers of operating difficulties: chromatographic fouling and identifying 

suspensions for which centrifugation appears less appropriate than other 

methods of solid-liquid separation. Quantities such as fouling properties and Cci 

have obvious potential as indices that could further inform expert systems or 

other computerised synthesis applications.
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NOMENCLATURE

a constant in polynomial approximation to

Equation 4.19

üp particle diameter \im

A  absorbance

A constant in Equation 4.22

B(0) blocking function

b constant in polynomial approximation to

Equation 4.19 

Bi Biot number

c concentration of solute in fluid phase mgmL’^

c, interfacial value of c at solid-fluid boundary mgmL'^

Cf concentration of solute in feed mgmL'^

c* value of c in equilibrium with q mgmL'^

Cci centrifugal clarification index

Cref correction factor for non-idealities in

reference centrifuge 

Ciab correction factor for non-idealities in

laboratory centrifuge 

Co purchase cost $US

d  particle diameter pm

d  constant in Equation 4.22

dc critical particle diameter pm

D a b  diffusivity in bulk fluid phase cm^s'^

Ds diffusivity of solute in adsorbent phase cm^s'^

DF deviation factor

DF dilution factor in Equation 2.3

Dh hydrodynamic dispersion coefficient cm^s’^

f(X) time function describing experimental breakthrough -

fn,ini intercept of linearised Viai/tiabCiab̂ iab versus

linearised clarification data 

f„»/oC inverse of the normal cumulative distribution
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g  gravitational constant ms'^

g(JQ time function describing modelled breakthrough

G mean velocity gradient s'̂

G t Camp number

H mass-transfer Contribution to HETP by mass transfer resistance cm

H hydrodynamic Contribution to HETP by hydrodynamic factors cm

H diffiision contribution to HETP by diffusion cm

HETP height equivalent to theoretical plate cm

k rate constant, Equation 6.2 s*̂

K  equal to q jc f, fluid phase volume per solid

phase volume 

K constant in Equation 3.6

Kd distribution coefficient for gel filtration operations cm^s'^

kf external liquid film mass transfer coefficient cms'^

Kd constant in Langmuir isotherm expression.

L bed length m

m mass kg

M number of potential operations, for Equation 1.8

n arbitrary exponent in Equation 1.6

N number of components, for Equation 1.8

Niab revolution rate for laboratory centrifuge s'̂

Nref revolution rate for centrifuge processing reference

material s'̂

ODôoo optical density at 600 nm

Ot,x obj ective function of Equation 2.1

PC purchase cost $US

q average concentration of solute in adsorbent phase mgmL~^

qj interfacial value of q mgmL'*

qm value of q in equilibrium vrith fluid phase feed

concentration mgmL’̂

q* value of q with any fluid phase concentration c mgmL'^

Q volumetric flowrate m^s'^
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r centrifuge radius m

R radius of adsorbent particles pm

Ri inner radius of centrifuge bowl m

R2 outer radius of centrifuge bowl m

Re Reynolds number

S number of possible processes, given by Equation L8

So particle surface area per particle volume cm^cm'^

SC separation coefficient

SSC selection separation coefficient

t time s

t ’ value of t at whichX  = X q s

tiab centrifugation time s'̂

tref centrifugation time for reference material processing s’^

Vg particle velocity cms'^

Vr particle velocity ms'^

V  sample volume mL

Vo matrix volume mL

V r  retention volume m^

Viab volume of laboratory centrifuge samples processed mL

Vref volume of reference centrifuge samples processed mL

X fractional time for acceleration, Equation 7.16

X  dimensionless concentration of solute in the fluid

phase, equal to c/cf 

Xj interfacial value of X  at solid-fluid boundary

X q value of X  corresponding to the centre of

gravity of the front 

y  fractional time for acceleration. Equation 7.16

y  concentration. Equation 6.1 mgmL'^

yo feed concentration. Equation 6.1 mgrnL'^

Y  dimensionless average concentration of solute 

in the adsorbent phase, equal to q/qm

Yi interfacial value of Y  at solid-fluid boundary

Z axial distance measured from bed inlet m
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z* axial coordinate that moves with the front, length m

Symbols

a constant in Equation 4.22 -

p constant defined by Equation 4.22 -

p excluded area parameter -

Tn normalised dynamic capacity -

r  sample dynamic capacity for experimental samples -

r  control dynamic capacity for control samples -

r centrifuge scaling factor -

r constant in Equation 4.22 -

CT standard deviation of concentration profile m

ctl standard deviation of eluate profile m

AA340 difference in absorbance at 340 nm -

s void fraction in bed -

S340 extinction coefficient of NAD

cm^■famol'̂

Z equivalent settling area m^

l̂ab equivalent settling area for laboratory centrifuge m^

^ref equivalent settling area for laboratory

centrifuge processing reference materials m '

V interstitial fluid velocity -1ms

© relative contaminant protein concentration -

jamming limit -

A retardation factor -

æ
d t

rate of colloid deposition s->

normalised breakthrough time 

T̂sampie breakthrough time for experimental samples s

T̂controi breakthrough time for control samples s

Y arbitrary function relating to a specific

physical property 

T| process efficiency
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ôr„in parameters in Equation 7.23

pp particle density kgm

Pf fluid density kgm

CO angular velocity s‘^

p fluid viscosity kgms'^
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