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ABSTRACT

The aim of this study was to simulate high pressure homogenisation and to examine the use of 

simulation techniques in identifying optimal strategies for integrating this unit operation with 

the fermentation process.

The first part of this thesis describes the models developed to predict changes in homogenate 

particle size distributions (PSDs) generated during the high pressure homogenisation of 

packed baker’s yeast Saccharomyces cerevisiae. The influence of homogenisation conditions 

on the value of dso, where dso is the particle size below (or above) which 50% of the particles 

in the total PSD lie, is explained using the following mathematical expression;

log. d s0 .N = 0

d 50 .N = 0  " d s o
= ko Ap“

where, dso, n =o is the dso value for the whole cells, N is the number of passes; AP = (P - P*), P 

is the operating pressure , P* is the threshold pressure i.e. the pressure below which there is 

no significant cell disruption occurring, ko is a rate constant and; P and a  are the exponents of 

N and AP, respectively. For baker’s yeast the value of P was found to be -0.4 and the value of 

a  was found to be -1.

A Boltzman-type equation was then found to predict the total PSD using dso as an input 

parameter.

The second part of this thesis details work carried out to deduce whether the scale of high 

pressure homogeniser used has any effect on the cell disruption process. It was found that for 

the production scale, pilot scale and small scale homogenisers tested, packed baker’s yeast 

cell disruption kinetics was independent of homogeniser capacity.

A study was also carried out to deduce the effect of initial cell concentration on cell disruption 

characteristics using high pressure homogenisation. It was found that cell dismption



characteristics were independent of initial cell concentrations between the range of 1 - 45% 

wet cell weight/ L for packed baker’s yeast.

The above results were then used to define a scaled-down cell disruption process. This 

scaled-down process can now be used in process verification studies of large scale processes.

The final part of this thesis describes the impact of fermentation and processing conditions on 

the disruption of baker’s yeast. It was found that cell cultures grown using high dilution rates, 

defined media, aerobic growth conditions, or harvested during early growth phase were more 

susceptible to disruption than cell cultures grown using low dilution rates, complex media, 

anaerobic growth conditions or harvested during late growth phase. It was also found that 

cell cultures that were stored at 4°C post harvesting became more resistant to disruption with 

time. This interaction between the fermentation process conditions on the cell disruption unit 

operation was modelled. It was found that there is a linear relationship (regression coeflScient 

>0.94) between the cell disruption rate constant k o  and the initial whole cell d s o  (i.e. d so , n =o) ,  

irrespective of growth rate, growth phase and storage time but not irrespective of growth 

media. A weaker linear relationship (regression coeflBcient = 0.79) between the cell disruption 

rate constant k o  and the initial whole cell d s o  (i.e. d so ,N = o) was found, irrespective of growth 

media, growth rate, growth phase and storage time. These linear models give reasonable first 

approximations of k o  given only the initial d s o  value of the whole cell culture PSD and 

provide a convenient quantitative measure of the efifect of changing upstream fermentation 

conditions on the subsequent stage of high pressure homogenisation.

Cell disruption results obtained were also used to elucidate the mechanism of high pressure 

homogenisation. It was found that the mechanism of high pressure homogenisation is not due 

to forces generated by turbulence.
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1 Introduction

1.1 Methods of Cell Disruption

A wide range of important extracellular and intracellular biochemicals are produced by 

microorganisms. During the last few years, owing to the introduction of genetic engineering 

enabling the increased production of intracellular bioactive proteins and the development of 

biotechnology, the number of economically attractive intracellular products has increased 

significantly. DNA technology has resulted in the cloning of many heterologous proteins in 

bacteria and yeast such that microbial cells can now produce human interferon, insulin, bovine 

growth hormones, and many other biochemicals, including industrially significant enzymes. 

Many of these "new" biochemicals are intracellular and the extraction of these biochemicals 

demands the eflScient disruption of the cells without affecting the biological activity of the 

bioproduct. Whilst the separation of extracellular bioproducts fi*om microbial cells is relatively 

straightforward, the large scale extraction of intracellular bioproducts fi’om cells is a 

significant problem, requiring efficient and, preferably selective disruption techniques.

Cell disruption is an important unit operation used to break open microbial and animal cell 

wall structures in order to release intracellular bioproducts into fi"ee solution and so facilitate 

their recovery.

The original purpose of developing cell disruption methods was the extraction of enzymes, 

cell wall fi’agments, membrane figments, and intracellular organelles. Cell disruption was 

used mainly for biochemical and microbiological research. The first method on cell disruption 

was carried out by Büchner in 1897 which led to the isolation of "cell fi*ee fermenting 

extracts". Since then different types of equipment and techniques have been developed to 

carry out the operation of cell disruption both on a large or small scale. The main emphasis on 

designing new techniques has been that the labile materials are not denatured by the process, 

nor hydrolysed, by the enzymes present within the cells and released during the disruption 

process.
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Based on the mechanism of disruption the methods for cell disruption can be divided into 

mechanical, physical and chemical ones (Edebo and Magnusson, 1973) or into mechanical and 

non-mechanical methods (Wimpenny, 1967).

The disruption methods commonly used in bioprocesses can be fiirther divided into two 

categories, namely;

1. Small scale methods used for preparation of biochemicals in small amounts, most

commonly in laboratories.

2. Production scale methods used in pilot-plants and industrial scale production.

Figure 1.1 lists the commonly used disruption methods that fall into these categories.
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Figure 1.1 METHODS FOR CELL DISRUPTION

A) MECHANICAL METHODS 

Production scale

High pressure homogenisation 

High speed bead milling

Small scale

EQgh pressure homogenisation 

Sonication

Agitation (e.g. ball mill)

Explosive decompression 

Freeze pressing

- Hughes Press

- X Press 

Microduidiser

B) NON-MECHANICAL METHODS 

Production scale 

Steam Injection

Small scale

Lysis

- Physical

- Chemical

- Enzymic (e.g. Autolysis)
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There are clearly a large number of possible ways in which microorganisms can be disrupted. 

In deciding which is the best method for breaking the cell wall of a specific microorganism the 

following requirements/factors, as shown in table 1.1, need to be considered.

Table 1.1; Factors Governing the Selection of Cell Disruption Method (based on White and 

Marcus, 1988).

Feed ceU suspension consideration Disrupted cell suspension

Quantity of feed/scale of operation % breakage of cells

Cell concentration of feed % product released

Initial particle size Loss of biological activity during disruption

Type of cell process

Cell wall strength Effectiveness of cooling during operation

Viscosity of feed Ease of further purification of product

Density of feed Efficiency of product extraction after cell

Temperature of feed breakage

Type of suspension buffer Viscosity of suspension 

Homogeneity of the suspension 

Continuous versus batch disruption process

Economic considerations Contamination by abrasion (in ball mill)

Capital cost of equipment Necessity of sterile operation

Cooling cost Availability of small scale equipment

Operation cost Ease of scale-up

Maintenance cost

Ease and reliability of operation 

Ease of maintenance

Ease of cleaning apparatus 

Minimum operating time
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The following sections review the various methods of cell disruption that are used for 

bioprocesses both at the small (laboratory) and production scale.

1.1.1 Small Scale Cell Disruption

As discussed earlier a wide variety of both mechanical and non-mechanical techniques for cell 

disruption are available. These techniques include chemical methods like alkali treatment and 

the use of detergents and solvents, and mechanical methods like sonication and freeze- 

pressing. The more commonly used methods are discussed in the subsections below, except 

for high pressure homogenisation which is detailed in section 1.1.2.2.

1.1.1.1 Sonication

Ultrasound energy is applied to a cell suspension to break open the cells. The equipment 

consists of an electronic oscillator and an amplifier whose a.c. output is changed into 

mechanical waves by a transducer which can be one of two types: a magneto-strictive device 

similar in principle to a loudspeaker, or a piezo electric transducer suitable for higher 

frequencies. The magneto-strictive transducer is most commonly used in the types of 

ultrasonic generator at present available for cell breakage. The transducer is coupled to the 

suspension being treated, by a metal probe. This is carefully designed so that it will resonate at 

the harmonic frequency of the electrical driving circuit.

The vibration caused by the sonicators generates sonic or ultrasonic waves that cause 

alternative positive and negative pressure zones. As a result, millions of microscopic bubbles 

(cavities) are formed and expand during the negative pressure cycle, until they suddenly 

collapse and produce millions of shock waves. These waves propagate in the medium and 

break down into smaller waves. This phenomena is referred to as "cavitation"; it is cavitation 

that leads to acoustic or microstreaming of liquid around each bubble. A liquid treated with 

ultrasonic energy will exhibit gaseous cavitation. Cavitation leads to acoustic or 

microstreaming of liquid around each bubble (Doulah, 1977). Acceleration due to this
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streaming generates shearing forces which tear apart the suspended cells (Hughes et al, 

1971; Wimpenny, 1967). It has been calculated that temperatures up to 40,000 K and 

pressures upto 3x10  ̂atm may occur in the micro-bubbles (Wimpenny, 1967).

However, sonication is an insufiBcient disruption method for filamentous organisms (Edebo,

1983), and the technique of ultrasonication is limited to small scale operation for several 

reasons, such as;

• DiflBculty in providing adequate cooling;

• InsufiBcient power transmission to large volumes of liquid (Scawen et a l , 1980);

• Significant degradation of enzymes;

• Production of fine debris (Chisti et a l , 1986).

Ultrasonication, on the other hand, has advantages for quick, accurate determination of the 

level of intracellular products, e.g. for enzymatic assay of samples during fermentation 

kinetics studies.

1.1.1.2 Freeze Pressing

Frozen cell culture paste is pressed at high pressure (approx. 1-2 x 10* Pa) through a small 

orifice (1-2 mm) at low temperatures (-35 °C to -20 °C). The material to be pressed is fi-ozen 

in the form of cylindrical rods which fit into the pressure chamber and are subsequently forced 

back and forth by means of a hydraulic pump (Magnussen and Edebo, 1976b). The most 

commonly used fi’eeze-presses are the so called X-press and the Hughes' press. The grinding 

action of ice crystals and physical transformation of the ice crystals have been suggested to 

provide the mechanisms for cell disruption using fi-eeze-pressing (Magnussen and Edebo, 

1976a, 1976b; Hughes et al, 1971). Work carried out on the X-Press (Brookman, 1975) has 

confirmed that the flow of material through the hole of the disk was regulated by phase- 

transitions fi*om ice I to liquid or high pressure forms of water, primarily ice IQ. It was also 

observed that these phase transitions were primarily initiated at the orifice, where the sample 

is unsupported at compression. Pressing cell paste at such low a temperature, with rapid 

feeding of the piston exerting a high pressure results in extrusion causing nearly 95%
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disruption of cells (Brookman, 1975; Magnussen and Edebo 1976a). Breakage in this system 

yields cell wall membrane preparations that are relatively intact, thus facilitating further 

purification processing of the product (Hunt et al, 1959).

The volume of suspension that can be treated in an X-press (Biox X-Press, LKB-Produkter 

25 Bromma 1, Sweden) is limited to 25mL. Magnussen and Edebo (1976a) have reported the 

use of fi-eeze-pressing for large scale operations upto 10 kg of yeast cells per hour. This 

method allows 90% disruption in a single pass of Saccharomyces cerevisiae (270 mg/g). The 

main disadvantage for the method is protease degradation of the product which might arise 

during the stage following the freeze-pressing.

1.1.1.3 Agitation

Mechanical agitation may be used to produce intense shear forces which can cause cell 

disruption. Mechanical agitators are generally divided into two groups, rotational and 

vibration shear systems.

1. Rotational i.e. high speed blenders (e.g. Waring blender) in which the shear gradients 

produced at the blade edge are a product of the angular velocity of the blade and the 

radius of curvature of the blade. The shear forces produced may be insufiBcient to break 

many strains of bacteria (Wimpenny, 1967).

2. Vibrational i.e. shakers (e.g. Mickle shaker). The liquid cell suspension is mixed with 

glass ballotini before treatment. The mechanism of disruption appears to be one of 

disruption of the microorganism by virtue of the intense shear forces generated around 

the rapidly moving ballotini.

Small commercial ball mills have been used to disrupt cells since the early 1970s 

(Hedenskog and Mogren, 1973). The ball mill is a well documented system in the 

chemical processing sector and hence the knowledge necessary for scale-up is available 

(see 1.1.2.1).
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1.1.1.4 Explosive Decompression

In this method the cell suspension is allowed to stand for a time under external gas pressure. 

During this period a quantity of the gas dissolved in the liquid phase difiiises into the cells and 

eventually an equilibrium is reached. Provided the external pressure is sufficiently high, when 

it is released suddenly, the internal pressure in the cell can cause the cell wall and membranes 

to rupture (Fraser, 1951).

The main advantages of this technique are:

• No oxidation of product occurs since an inert gas is used;

• Minimal overall temperature increase.

This method is, however, only applicable to fragile cells and is difficult to scale-up (Nissinen 

etal, 1986).

1.1.1.5 Non-mechanical Methods

1. Enzvmatic Ivsis: Enzymatic lysis is the most gentle way to release the product and keep the 

cell membrane intact (Hughes et al, 1971; Asenjo et al, 1985). The enzyme attacks only 

specific bonds in the cell wall structure of microorganisms leaving the rest of the cell 

undamaged. Enzymic lysis can be used as an alternative method to mechanical breakage 

especially for materials that can be inactivated during the mechanical process (Fish and Lilley,

1984). Enzymatic lysis can also be used to weaken the cell wall prior to mechanical disruption 

in order to reduce the magnitude of the mechanical forces used to rupture the cell and to 

leave the intracellular constituents of the microorganisms intact ( Lin et al, 1991; Hunter and 

Asenjo, 1987 and 1989 ( see also section (1.1.2.3)).

The main disadvantages of using this method is that the lytic enzymes are expensive to obtain 

in large quantities. Also, the selection of appropriate enzyme systems and reaction conditions

32



requires time and eflfort. Commercially available lytic enzymic mixtures may also contain 

degradative enzymes that may damage the intracellular bioproduct of interest. The 

immobilisation of lytic enzymes on insoluble supports to extend their use has been 

investigated. Although highly desirable, this technique is limited due to steric hindrance of 

enzymic activity (Asenjo and DunnilL, 1981). Work carried out by Asenjo and Dunnill (1981) 

showed that increased viscosity of the cell suspension could greatly decrease the conversion 

rate and it was suggested that the use of a free enzyme would be a better approach.

2. Autolvsis: This is another method of enzyme lysis in which the lytic enzymes are produced 

by the organism itself. However, production of these enzymes is dfficult to control. 

Parameters which effect the autolytic process include temperature, time, pH, molarity of 

buffer, and the metabolic state of the cells (Hughes et al, 1971). Disadvantages of using this 

method are the requirements for a long incubation time (2-20 hours) and low disruption 

yields. Also, considerable protein dénaturation may occur (Dunnill and Lilley 1975; Edebo, 

1969).

3. Chemical Ivsis: Generally, disruption of the cell wall by chemical treatment might

inactivate most enzymes and other biochemicals. Chemical lysis involves treatment of the cell 

suspension with acids, alkalis, surfactant or solvents which can be expensive and result in 

contamination of the product with the chemical (Chisti et al, 1986).

Some successful methods, however, have been published, such as release of L-asperginase 

from Erwinia carotovora by exposure to a highly alkaline environment (Sargeant, 1973). 

Detergents have been used effectively in the extraction of inclusion bodies produced inside 

recombinant microorganisms (Marston, 1986).

4. Freezing and thawing: Disruption is caused by free water in the cells freezing and forming 

ice crystals that can mechanically tear inner membranes. The crystallisation of intracellular 

salts during this process also enhances disruption. This method gives very low yields even 

after a large number of passes and is not a realistic process scale operation.

5. Osmotic Shock: In this method, cells are subjected to a sudden dilution of the medium in 

which they are suspended. Water enters the cells thereby increasing the hydrostatic pressure
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within the cell causing disruption. This is a very gentle method, and is adequate for the 

disruption of very fragile organisms or for cells with walls that have been pre-treated with 

enzyme.

1.1.2 Production scale Disruption

Mechanical methods of cell disruption are generally preferred for large scale. The main 

methods used for production scale cell disruption are:

• The Bead Mill

• The High pressure homogeniser

1.1.2.1 The Bead Mill

The high speed agitator bead mill was originally designed for the comminution of pigments in 

the paint and lacquer industry and is an established unit operation in the chemical engineering 

sector. The use of high speed bead mills for cell disruption was first reported by Zetalaki 

(1969). The design of the bead mill varies, though in general mills consist of either a vertical 

or a horizontal grinding chamber containing glass or steel beads, acting as the grinding 

element, and rotating disc impellers mounted, concentrically or off-centred, on a motor driven 

shaft. The units generate a significant amount of heat, and thus must be equipped with high 

capacity cooling systems for processing temperature sensitive materials. This requirement 

may restrict the size of the mill, but units from 0.1 to 20 litres are available.

In the bead mill suspensions of cells and glass beads are agitated by disc impellers rotating at 

high speeds. On agitation, the beads, which occupy 80-88% of the free working volume of 

the chamber cause disruption of the cells. It has been suggested by Rehacek and Schaefer 

(1977) that disruption may be caused by shear forces and also rolling of the grinding elements 

brought into motion by the agitator. Horizontal units are generally preferred for cell 

dismption as the grinding action in vertical mills is reduced due to fluidising effects of the 

upward fluid flow on the beads. Also, as vertical mills are fed from above there is a need for a
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screen at the feed end to retain the beads inside the chamber, this is not the case in the 

horizontal mill. The bead mill can be operated in batch or continuous mode.

Kinetics of batch disruption

Kinetics of batch disruption of yeast cells have been reported to be first order with respect to 

the period of treatment, with the rate constant being a function of glass bead diameter, weight 

of beads used in the mill, agitator speed and design, cell concentration and temperature 

(Currie et al, 1972; Limon-Lason et al, 1979). The rate of disruption as measured by the 

rate of soluble protein release has been shown to be directly proportional to the amount of 

unreleased protein, see equation 1.1:

log. R r

R m a x  ”  R

= kp. t  (1.1)

where R = weight of protein released per unit weight of packed yeast; Rmax = maximum 

protein release; kp = first order rate constant; t = disruption time

Limon-Lason et al (1979) found that in larger mills and at higher impeller tip speeds (above 

10 m/s) disruption did not follow first order kinetics as given by equation 1.1. However, 

diflBculties with temperature control in batch experiments led to rather inconclusive results 

and the limitations of the equation are not clear.

Limon-Lason et al (1979) also showed that for continuous disruption in a 5 L bead mill, the 

flow patterns were such that it could be considered as a series of continuous stirred tank 

reactors where each impeller was at the centre of a reactor. At a 0.6 L scale, however, there 

was considerable back-mixing between the reactors which had to be accounted for in a 

modified model.

Assuming a first order reaction and a CSTR in-series model, cell disruption was described by 

the following equation, for a 0.6 L bead mill (Limon-Lason et al, 1979):
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R r R
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J
(1.2)

where x = mean residence time in the mill (=V/Q where V is the total volume of the mill and 

Q is the total throughput); j = the number of CSTRs in series (including fractions of 

CSTRs); kp, Rmax, and Rare as defined above in equation 1.1.

To incorporate back-flow between the CSTRs, x, mean residence time is written as:

y
Qr =

1 +
2b

(1.3)

where, b/Q is the ratio of back-flow between the CSTRs to the overall flow rate (Q).

The effects of cell concentration reported in the literature are somewhat inconsistent though 

an optimal cell concentration for disruption of 40-50% cells (wet weight) has been reported 

(Kula, 1987). Further factors that affect milling are listed below:

Bead Size For the disruption of baker’s yeast small beads in the range of 0.5-0.28 mm have 

been reported to be most effective (Currie et al, 1972). Marfify and Kula (1974) also found 

that, for concentrations <60% w/v packed yeast, there was an increase in the disruption rate 

for decreasing bead diameter between the range 0.6-0.35 mm, but that the disruption rate fell 

as the bead diameter decreased to 0.2 mm. The optimum bead diameter for baker’s yeast 

disruption in a 20 L horizontal mill has been found to be 0.7 mm (Schutte et al, 1988). In 

practice the necessity for the continuous separation of the cell suspension from the grinding 

elements limits the size of the beads to 0.4 mm. Also, if the beads are too small they have a 

tendency to float. The location of the enzyme in the cell also influences the bead diameter 

used. Higher release of periplasmic enzymes has been obtained by using larger beads of 1.0 

mm, whilst for cytoplasmic enzymes, smaller beads are more suitable (Schutte et al 1988).
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Bead loading The volume fraction of the grinding chamber filled with glass beads afreets both 

the disruption achieved and the power requirements of the milling process. Increased bead 

loading increases cell disruption significantly, but loading of more than 88% is not suitable 

(Currie et al, 1972; Rehacek and Schaefer, 1977). Increased bead loading also necessitates 

more cooling.

Temperature The operating temperature should be maintained at 5 °C, to allow for minimum 

inactivation of the product. It has been reported that the rate constant is insensitive to the 

temperature of operation between the range 5 to 40 °C.

Agitator Speed Increasing the agitator speed generally increases the disruption rate constant 

(Currie et al, 1972, Marflfy and Kula, 1974). However, at higher tip speeds the rate of 

increase in disruption levels ofif. The main disadvantage of using very high tip speeds is the 

increased temperature rise and power consumption that accompanies such a change.

Agitator Design Limon-Lason et al (1979) found that in a 5L mill the dismption rate 

constant was always higher for polyurethane impellers, than for the stainless steel type, see 

figure 1.2. However, maximum protein release was always higher for the stainless steel 

impellers. This observation was explained by studying the mixing patterns caused by the 

impellers.

Figure 1.2; Details of (a) Polyurethane "open" i>-pe impeller (b) stainless steel "closed" type 

impeller (Limon Lason et a l 1979)
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The polyurethane impeller because of its more "open" design creates a greater degree of 

mixing at any given distance from the impeller. The more "closed" stainless steel impeller 

design allows very high shear rates near the impeller, though its mixing properties are not as 

efficient.

1.1.2.2 The High Pressure Homogeniser

The high pressure homogeniser is a widely used method for large-scale disruption of 

microorganisms. It consists of two vital parts: a high pressure positive displacement pump 

and one (or more) adjustable restricted orifice discharge homogeniser valve(s). The number 

of pistons in the high pressure pump and other design parameters, such as homogeniser 

capacity and pressure ranges, depend on the size of the homogeniser. Small scale machines 

are usually fitted with one or two pistons only, while production machines have three to five 

pistons in a high pressure pump unit. Although there are several commercial models available, 

the principle of operation is the same, and the models differ only in their capacity, type of 

valve, pressure range and number of pistons.

High pressure disruption is accomplished by high pressure flow through an adjustable, 

restricted-orifice discharge valve. A feeding unit is used to transport the cell suspension with a 

pressure of 0.2-0.5 MPa to the high pressure pump where the suspension is compressed up to 

100 MPa. The valve opens when the pressure exceeds a preset value and the suspension is 

released through the valve at high velocity and impinges on an impact ring. The preset 

pressure in the valve can be set manually by a spring loaded valve rod or by an automatic 

hydraulic regulation system. The pressure is shown on a gauge mounted on top of the 

cylinder. In the case of a single piston homogeniser, fluctuations in pressure measurements are 

reduced by a dampener assembly. The direction of flow is through two 90 degree bends, see 

figure 1.3. Operation can either be on a recycle mode or through several discrete passes 

where the feed is collected and passed through the homogeniser again. For baker’s yeast to 

achieve protein release of over 90% of the maximum possible a pressure of 50 MPa and, at 

least 5 passes are required. Disruption follows a first-order equation of the form 

(Hetherington ût/. 1971):
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R r

R m a x  “  R

= K . N = k . N . (1.4)

Where, R m a x  = maximum protein available for release; R  = protein release for a number of 

discrete passes N through the valve; N = number of passes; P = operating 

pressure; a = pressure exponent, a function of cell type (a=2.9 for baker’s yeast 

Saccharomyces cerevisiae); kp = rate constant, a function of temperature and 

possibly cell concentration; K = dimensionless constant, mainly dependent on the 

pressure drop P across the valve seat

See section 1.2 for further analysis of the kinetics of cell disruption in high pressure 

homogenisation.
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Figure 1.3 Schematic Diagram o f a Typical Valve Seat
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1.1.2.3 Recent Advances

New and revised methods of cell disruption that have been of recent interest include;

• The Microfluidiser

• Critical Fluid Disruption

• Rotor driven bead mills

(N.B. The first two methods stated above have also been studied using enzymic pre-treatment 

of the cell suspension)

The Microfluidiser

Small scale (lOml-6-12 1/hr) and production scale (20 - 11,000 L/h) models have been 

designed. The scale-up fi*om laboratory to pilot and production scale is linear. Advantages of 

using this new type of high pressure homogeniser are that it claims:

• no aerosol generation

• aseptic operation facility

• is steam sterilisable

• blocked disruption chamber can be cleaned by reverse flow

• small scale Microfluidisers can be immersed into an ice-bath to facilitate immediate 

cooling; a cooling coil can also be jacketed around the Microfluidiser.

As with the APV Manton-Gaulin type homogeniser the extent of disruption depends upon the 

operating pressure and number of passes used. Operating pressures can be up to 158 MPa.

In the Microfluidiser, two streams interact at high velocities and pressures in precisely defined 

microchannels. The mechanisms of cell disruption include shear, turbulence, and cavitation. 

100% disruption ofE. coli has been claimed after one pass (White and Marcus, 1988). Sauer 

et al. (1989) reported that for the disruption of E. Coli strains using a Microfluidiser model 

Ml lOT, the disruption kinetics followed a first order rate equation based on that obtained by 

Hetherington et ai (1971) for the APV Manton-Gaulin type homogeniser. The exponent "b"
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was found to vary between 0.28-0.94, depending upon the specific growth rate of the cells in 

continuous culture, type and concentration of cells.

log, R r

R m a x  "  ^

(1.5)

For cells grown in continuous culture, recombinant strains were disrupted more readily than 

their native one. Cells grown in batch culture showed no significant difference between the 

disruption kinetics of the recombinant and native strains.

Baldwin and Robinson (1990) found that for baker’s yeast the Microfluidiser disrupted less 

than 40% of the cells after 5 passes. Their studies reported that enzymatic lysis combined with 

the Microfluidiser significantly enhanced the ability of the Microfluidiser model MllOT with 

approximately 100% disruption being obtained after four passes at a pressure of 95 MPa. The 

experimental results obtained by Baldwin and Robinson (1990) were described by 

modification of the Hetherington’s model to the form:

Ogc
R m a x  "  R x  

R m a x  -  R

= k p .  N \ P* (1.6)

Where R% = cells disrupted by enzymatic treatment alone; R = total cells disrupted after 

both enzymatic and homogenisation; kp is the rate constant; a and b are the 

exponents of pressure and number of passes, respectively, "a" was found to be 3.03, 

and "b" 1.3 for baker’s yeast.

This two stage disruption technique may be too costly on a large scale, unless the enzymic 

preparation can be recovered eflSciently.
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Critical Fluid Disruption (CFD)

The method of critical fluid disruption (CFD) uses super critical fluids (SCF). Such fluids 

possess a combination of "gas-like" and "liquid-like" properties. The SCF penetrates like a 

gas and functions like a liquid. SCF have been used in the bioindustry particularly in the area 

of extraction and separation. The critical fluid disruption equipment consists of two major 

components; a piston injector and a pressure vessel. The process involves a sudden release of 

applied fluid pressure that allows penetration of the critical fluid into the cell body. The 

inflated microbial cells are than rapidly decompressed, where upon they rupture at their 

weakest points. Carbon dioxide and nitrogen are the typical super critical fluids used.

Lin et al (1991) extended the use of SCF, combined with pre-treatment of the suspension 

with a lytic enzyme, to the disruption of yeast. They used carbon dioxide as a primary SCF 

because it is nontoxic, nonflammable, inexpensive and physiologically safe. The critical 

temperature for carbon dioxide is just above ambient (i.e. critical temperature is 31.1 °C), 

which minimises the problems of thermal degradation (or dénaturation) of delicate biological 

materials. In addition its phase behaviour and other thermo-physical properties that are 

needed for process analysis are well studied. Volumes handled by these workers were 

approximately 50mL. Without enzyme pre-treatment, only 30% of the available protein was 

released. Pre-treatment with lytic enzymes enhanced significantly the disruption process.

The main advantages of this method are that there is insignificant cooling requirement, it is a 

gentle technique and it is scalable. However, there is little known in engineering terms about 

the use of this method in bioprocessing, and more research is required.

Rotor Driven Bead Mills

Mao and Moo-Young (1990) reported the use of a vertical cylindrical rotor instead of 

impellers to agitate beads in a bead mill. They found that flow patterns were found to be 

approximately those of plug-flow. Operation of these mills can either be continuous or batch 

mode. Ninety percent disruption has been observed for a rotational speed of 4000 rpm. At 

very high and low flow rates the cells and bead tended to separate.
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Gaver and Huyghebaert (1990) used the CoBall-Mill, another new type of rotational bead 

mill. The disruption chamber of this mill is composed of a conical rotor fitting into a conical 

stator. The cell suspension is pumped continuously through the narrow gap, between the 

rotor and the stator, that is partially filled with disruption beads. The volume of the disruption 

chamber is only 25% of the disruption volume requirement of the conventional bead mill with 

the same throughput. The CoBall Mill also has a very eflScient cooling system.

1.1.3 Conclusion

Studies of disruption methods have generally been concerned with testing specific types of 

equipment and defining the effects of different operating variables on the disruption of 

microbial cell walls. Additionally, in several of the studies, denaturing effects of the disruption 

process and the release of key enzymes relative to total protein have been investigated.

It was found that high pressure homogenisation is the most commonly used method for large- 

scale cell disruption and has therefore been used in the modelling and simulation studies of 

cell disruption in this thesis. This method of cell disruption is described further in the next 

section (1.2).
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1.2 The High Pressure Homogenisation Process

The unit operation of high pressure homogenisation is a commonly used cell disruption 

method in the bioprocess industry. The process of high pressure homogenisation will be 

studied in detail in this section with respect to parameters effecting homogenisation kinetics 

and the mechanism of high pressure homogenisation. Section 1.2.1 presents parameters that 

affect the kinetics of high pressure homogenisation process and section 1.2.2 gives a summary 

of the mechanisms attributed to the disruption process in the high pressure homogeniser.

1.2.1 Kinetics of Cell Disruption

Hetherington et al (1971) reported that protein release kinetics was a first order process 

with respect to the number of passes through the homogenising valve. The first order 

equation they presented is given in equation 1.7 below.

ogc
R r

R m a x  -  R

= K . N = k, . N . P ' (1.7)

Where, Rmax = maximum protein available for release; R = protein release for a number 

of discrete passes N through the valve; N = no of passes; P= operating pressure;; kp = 

rate constant, a function of temperature and possibly cell concentration; K = 

dimensionless constant, mainly dependent on the pressure drop P across the valve seat, a 

= pressure exponent, a function of cell type which was found to be 2.9 for packed 

baker’s yeast Saccharomyces cerevisiae.

After the publishing of their findings several independent researchers found that the first 

order equation was applicable to other microorganisms. Table 1.2 shows values for 

exponent ‘a’ found in published literature.
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Microorganism Type of Fermentation Type of Medium exponent Reference

Bakers' yeast commercial dried baker 's  
yeast

Complex medium
2.9 Hetherinoton e^ al. 1971

1 .72-1 .79 Doulah fit al. 1 9 7 5
2.9 Dunnill at  a! 1 9 7 5

Spent Brewers' yeast from brewery Complex medium 1.2-1 .3  
1.87

Whitworth 1 9 7 4  
Engler 1979

Saccharomyces-
cerevisiae

aerobic, continuous culture
-I

specific growth rate 0.1 h

defined medium 0 .8 6 Engler 1979

Candida utiUs
cyclic batch ^  
max. growth rate 0 .5  h defined medium

1.17 Engler e t al. 1981a ,  b

continuous culture specific 
qrow th rate 0.1 h'^ 1.77 Engler e t al. 1981

Bacillus brevis batch
late lag phase, then frozen 
a t -20 ° C

Complex medium 1.8 Augenstein e t  al. 1974

Bacillus subtilis continuous culture specific 
growth rate 0 .2  h

Complex medium 1.07 Engler et al 1 9 8 1 a

Alcaligenes eutrophus

fed-batch
_________exponential^h^e___________

late exponential phase 
early stationary phase 

late stationary phase

defined medium
3.08

2.80

1.69
1.59

Harrison et al. 1990

Table 1.2 Effect of conditions of growth on pressure exponent "a"



Also as part of their study on the homogenisation process, Hetherington et al. (1971) 

concluded that the key parameters that affect the homogenisation process are:

1 microorganism characteristics

2. operating pressure

3. process temperature

4. initial cell concentration

5. homogeniser capacity (flowrate)

6. valve design

Several researchers have since provided further evidence that the parameters listed above 

affect the efficiency of the homogenisation process. This research into the effect of these 

key parameters on the homogenisation process is detailed below: Section 1.2.1.1 

describes the effect of microbial characteristics; section 1.2.1.2 discusses the effect of 

operating conditions and; section 1.2.1.3 discusses the effect of valve design.

1.2.1.1 Effect of Microbial Characteristics

Microbial characteristics that affect the homogenisation process are related to one or 

more of the following factors:

a) Choice of microorganism strain, i.e. strain selection (see section 12.1.1.1)

b) Conditions of cell growth (see section 1.2.1.1.2)

c) Conditions of cell storage (see section 1 2.1.1 3)

d) Initial cell concentration (see section 1.2.1.1.4)

e) Location of product within the cells (see section 1.2.1.1.5)
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1.2.1.1.1 Strain Selection

A limited number of microbial strains have been used in the study of high pressure 

homogenisation. Most of the early work was carried out using packed baker’s yeast, for 

which there is no record of the strains used. A study of susceptibility of various kinds of 

cell suspensions (microorganisms) to disruption was carried out by Edebo (1983), 

however, he did not include high pressure homogenisation in his study. Nevertheless, the 

results obtained by Edebo clearly show that certain microorganisms are easier to disrupt 

than others. For example, his results (see table 1.3) show that yeast is more resistant to 

disruption than gram +ve bacilli. The numbers in table 1.3 show the ranking within the 

group. A high number indicates that the cells are sensitive. Parentheses indicate the 

number is very uncertain. The results obtained by Edebo are rather simplistic since they 

do not account for the effects of growth conditions that each microorganism is subjected 

to. Growth conditions can be altered such that the microorganism becomes either more 

or less susceptible to disruption. This factor is discussed further in the following section 

1. 2 . 1. 1.2 .

Recombinant microorganisms have also been shown to be easier to disrupt than the 

native microorgianism. Sauer et al. (1989) showed that recombinant E. coli are more 

susceptible to high pressure cell disruption using a Microfluidiser than native E. coli cells 

(see section 1.1.2.3).

Table 1.3: Susceptibility to disruption of various microorganisms (Edebo, 1983)

Microorganism Liquid

Pressing

Freeze

Pressing

Agitation Sonication

Animal cell 7 7 7 7

Gram -ve bacilli and 6 6 5 6

cocci

Gram +ve bacilli 5 4 (4) 5

Gram +ve cocci 3 2.5 (2) 3.5

Yeast 4 2.5 3 3.5

Spores 2 1 (1) 2

Mycelium (1)* 5 6 1
* clogging of orifice may occur.
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1.2.1.1.2 Conditions of Growth

The conditions of cell growth that have been shown to affect the susceptibility of cells to 

disruption are: growth rate, growth phase (time of harvesting), growth media, and 

whether the cells were grown aerobically or anaerobically. Published research work 

carried out on the effect of these growth conditions is reported in the next few 

paragraphs.

Work carried out by Engler and Robinson (1981a) using C. utilis, showed that cells 

grown at a higher specific growth rate (in a cyclic batch culture) were easier to disrupt 

than the cells grown at a lower specific growth rate (continuous culture). They reported 

that this was so because cell wall strength is related to the specific growth rate of the 

cells. They also reported that C utilis grown under identical conditions (aerobically in 

continuous culture) was more difficult to disrupt than S. cerevisiae. However, disruption 

characteristics of B. subtilis and S. cerevisiae grown in continuous culture and C. utils 

grown in batch culture were all similar. Though the study carried out by Engler and 

Robinson (1981a) illustrated that specific growth rate affected the disruption kinetics of 

the microorganisms, additional effects of other growth conditions such as the medium 

composition and aeration rate were not controlled and hence the results are not as 

conclusive as they appear.

Harrison et al. (1990) found that the pressure exponent ‘a’ (in the Hetherington 

expression (equation 1.7)) varied from 3.1 to 1.6 from the exponential phase to the late 

stationary phase for the Gram negative bacterium, Alcaligenes eutrophus. This indicates 

that cells harvested in the exponential phase are more sensitive to pressure in the 

disruption process. Middelberg et al. (1992a), Middelberg et al (1992b), Hull et al, 

(1993) and Middelberg et al (1993) developed a model which allowed the disruption of 

E. coli B to be predicted in a specified homogeniser system, this model is discussed in 

chapter 5, section 5.2. It was also shown that cells grown in the exponential phase were 

easier to disrupt in the stationary phase. Gray et al. (1972) reported that E. coli cells 

grown on synthetic medium were easier to disrupt than those grown in a complex
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medium. White and Marcus, 1988 also reported that cells encouraged to grow larger 

tended to be weaker.

Further research is needed to model the effect of growth conditions on the cell wall 

strength for individual microorganisms.

1.2.1.1.3 Storage Conditions - Commercial Baker’s Yeast

There is no published literature on the effect of storage conditions on the homogenisation 

process. This area of study is important since the process, though designed to run with 

out any process bottlenecks, may experience a bottleneck in the future due to unforeseen 

equipment or operational failure. The plant operators would, therefore, need to know 

how long the fermentation broth can be stored before cell composition has significant 

effects on the normal running of the subsequent downstream processing train. In this 

section the effect of storage conditions on dried commercial baker’s yeast will be 

discussed.

Dried commercial baker’s yeast has been used in most of the research regarding cell 

disruption. It has in the past been assumed that the resuspended dried baker’s yeast 

simulates a "typical" yeast fermentation broth. Dried baker’s yeast has traditionally been 

used as it is cheap and readily available, easy to transport and to handle. A disadvantage 

of using commercial baker’s yeast, for downstream process research, is that the 

manufacturers do not supply information on how the yeast was produced (e.g. batch, 

fed-batch) and/or which strain(s) of yeast are used. These features make it difficult to 

relate disruption data back to growth conditions or strain selection techniques.

It is important to realise that the cell characteristics (e.g. cell wall strength, cell shape) 

will be altered once the yeast is dried and again change when it is resuspended. For 

studies observing changes in particle size distribution during homogenisation it is 

important that the initial cell suspension is well characterised.

Beker and Rapoport (1986) reviewed the changes and transformations in yeast cells 

occurring during dehydration. Transformation detected in dehydrated yeast cells indicate
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a weakening of the nuclear membrane rigidity. Rehydrated cells demonstrated elongation 

after drying. Restoration of the cells’ initial form and size appeared only gradually during 

reactivation. It was also concluded by Beker and Rapoport (1986) that certain glucane 

components of the yeast cell walls were changed during drying and rehydration. Electron 

microscopy investigations of the rehydration process showed that slow and gradual 

rehydration of dried cells from the stationary growth phase in water vapour diminished 

membrane damage as compared to rapid moistening, by simple immersion of the dried 

yeast in liquid medium (The latter method is typically adapted in homogenisation 

studies). Also, the viability of the rehydrated populations increases. In dehydrated cells 

obtained during the exponential growth phase, with almost 100% budding, it is 

impossible to diminish membrane damage during rehydration. The cell inactivation due to 

dehydration differs from that seen when the cells are in anabiosis ("dormant" metabolic 

state) where inactivation is by plasmolysis. Inactivation by rehydration is primarily due to 

autolysis of the structural components. When cells are dehydrated, large vacuoles 

diminish drastically in size and/or become partly fragmented. Since the regulation of 

osmotic pressure in cells is one of the functions of the vacuole system the diminishing of 

such large vacuoles causes a flattening of cells during drying. As a consequence 

morphology of the yeast cell after dehydration depends upon the drying process used and 

this will therefore have a significant effect on the homogenisation process.

Studies of the changes in various enzyme activities in dried yeast cells have established 

that they may greatly depend upon growth conditions and drying methods. The total 

losses of cell components may amount to 20-30% of dry weight.

From this review of changes in yeast characteristics due to the storage conditions 

employed it can be seen that for any cell disruption study the previous history of the cell 

culture needs to be established before the results can be applied/compared to other 

fermentations/systems.
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1.2.1.1.4 Cell Concentration

The cell disruption rate for baker’s yeast has been reported by Brookman (1975) to be 

independent of cell concentration between the range 28-224 g dry cell weight/L. 

Hetherington et a l (1971) reported that concentration was independent between the 

range of 30%-60% g wet cell weight/L.

1.2.1.1.5 Production Location

Follows et a l (1971) showed that the rate of release of any specific enzyme varies as a 

function of its location within the cell. Enzymes located in the sub-cellular organelles, 

such as fumarase, which is present in the mitochondria, were released more slowly than 

the overall protein release. Enzymes located in the cytoplasm were found to be released 

at the same rate as the total soluble protein was released. Acid phosphatase, located on 

the cell membrane, was released faster than the overall protein release.

1.2.1.2 Effect of Operating Conditions

The high pressure homogeniser operating conditions that have an effect on 

homogenisation kinetics are:

• operating pressure and number of passes

• process temperature and

• process fluid flowrate (throughput)

1.2.1.2.1 Pressure and Number of Passes

As explained in section 1.2.1, protein release during homogenisation follows a first order 

process with respect to number of passes and that protein release is highly pressure 

dependent, with exponent of pressure ranging from 1 to 3 for various cell cultures (see 

table 1.2). Therefore, instead of using several passes to achieve over 90% disruption it 

would be more efficient (interms of processing time) to increase the operating pressure 

and use fewer passes. However, Hetherington et a l (1971) found that for packed baker’s
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yeast, even at 30 T  and 500 barg (55 MPa) three passes would be necessary to achieve 

85% disruption.

Using Hetherington’s model (see equation 1.7), Dunnill and Lilly (1975) reported that at 

pressures above 69 MPa the dependence of the first-order rate constant on operating 

pressure departed fi*om the relationship of equation 1.7. Above this pressure the pressure 

exponent ‘a’ for baker’s yeast decreased. This decrease in value was attributed to non- 

optimal design of the homogenising valve for the higher operating pressures. Engler and 

Robinson (1981a) also found that for Candida utilis the pressure exponent "a" decreased 

within the pressure range of 50 -125 MPa. They suggested that the reason for this was 

that the exponent "a" is dependent upon the operating pressures used. It must be noted 

here, however, that Engler and Robinson (1981a) carried out their studies using a high 

pressure flow device employing impingement of a high velocity jet through a nozzle of 

80 pm on a stationary surface. The data from this device has been included, as the 

Hetherington's model is deemed to be applicable. Hetherington et a l (1971) reported, 

that for baker’s yeast there was a decrease in ‘a’ at pressures in excess of 30 MPa and 

cell concentration over 210 kg dry weight m '\ and that the rate was no longer first- 

order.

1.2.1.2.2 Temperature

Temperature has been shown to have an effect on protein release kinetics during high 

pressure homogenisation. Hetherington et al (1971) reported that the disruption rate is

1.5 times higher when the inlet cell suspension temperature to the homogeniser is 

increased from 5 “C to 30 °C. However, high temperature operations are not desirable 

because of resultant protein dénaturation and loss of enzyme activity. For this reason cell 

suspensions are usually chilled (using aqueous ethylene glycol as the coolant in plate heat 

exchangers) to between 4-7°C.

Disruption, particularly at high pressures, is accompanied by a significant increase in 

temperature of the process material. Hetherington et a l (1971) observed that a single 

pass at 500 barg resulted in a 4 °C rise in temperature when using the Manton-Gaulin
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Model I5M 8BA and an 8°C rise using the Manton Graulin Model K3. The configuration 

differences between the two homogenisers are listed below in table 1.4.

Table 1.4; Characteristics of APV Manton Gaulin Homogenisers (Hetherington et al, 

1971)

Characteristics Model

15M-8BA K3

Capacity 54 280

Number o f pump plungers 1 3

Type o f cylinder valve ball ball

Number of discharge valves 1 1

Nominal pressure range 0-550 bar 0-550 bar

Drive mechanism 150 kgf. m/s 

electric motor 

through reduction 

gears

562 kgf. m/s 

electric motor 

through multiple 

V-belts

Total enzyme activity was also shown to be reduced only insignificantly after several 

passes through the homogeniser at temperatures at or below 30 °C. An exception are the 

membrane associated enzymes, fumarase and invertase. Talboys and Dunnill (1985) 

found that such membrane associated enzymes were highly shear sensitive. The enzyme 

complex gramicidin synthetase was also found to degrade rapidly during homogenisation 

(Augenstein et al, 1974). Gramicidin synthetase has since been suggested to be a 

membrane associated enzyme (Keshavarz et al, 1987). Work carried out by (Virkar et 

al, 1981), however, concluded that globular proteins in their native state and in a 

chemically stable environment are in general less susceptible to hydrodynamic shear per 

se than previously indicated.
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1.2.1.2.3 Flowrate

High pressure homogenisers are designed to operate at constant flowrate for a given 

range of pressures. Brookman (1975) found that the flow rate was constant over the 

recommended pressure range but fell sharply with increased pressures. This was 

attributed to the stalling of the pump. It was concluded that soluble protein release was 

relatively independent of the velocity of the yeast suspension passing through the needle 

valve assembly. More work needs to be done in this area to elucidate the effect of 

velocity on the disruption mechanism.

1.2.1.3 Effect of Valve Design

Past research has found that the valve configuration of the homogeniser affects the 

efficiency of cell disruption. Typical dimensions for a valve are depicted in figure 1.3.

Hetherington et al. (1971) carried out cell disruption using two different types of valve 

units, namely the "flat" valve unit (made from tungsten carbide) and the "knife-edge" unit 

(made from stellite). It was found that with the knife-edge unit protein release improved 

by 38% after four passes, as compared to the "flat" valve unit. This study was confirmed 

by Keshavarz et al (1990).

Keshavarz et al. (1990) studied a variety of valve unit configurations (see figure 1.4). 

The effect of impact distance (as the cells exit the valve unit and impinge on the impact 

ring) on cell disruption was also studied. It was observed that the smaller the impact 

distance the more efficient the disruption became. The absence of an impact ring (i.e. an 

impact distance of 4.7 mm) resulted in over 50% le^ disruption after the first.

The entry orifice of the ceramic CD unit was widened (figure 1.4e) , from 5 mm diameter 

to 12 mm, into a conical insert (figure 1.4f). The amount of protein released after 5 

passes was the same for the 5 mm diameter central orifice unit and the 12 mm diameter 

unit. From these results it was concluded that the central orifice did not contribute to the 

disruption process.

55



Figure 1.4 (a-f) Schem atic diagram o f  valve units (K eshavarz, 1990)
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1.2.2 Disruption Mechanism

Between the 1950s and 1970s many theories were advanced to explain the mechanisms 

of high pressure homogenisation. Studies were chiefly concerned with the 

homogenisation of milk and milk products. Though it was not clear how similar the 

emulsion of milk process is to that of cell disruption, it was thought reasonable to assume 

that the mechanism which reduces the fat globule size during the homogenisation of milk 

was similar to that which causes microorganisms to disrupt.

The principles involved in the construction and operation of conventional homogenisers 

indicate that the forces available for the disruption of cells may come from the flowing 

fluid. The most likely fluid forces which were thought to be causing globule disruption 

inside the homogeniser were those generated by shear, turbulence, and cavitation. 

Phipps (1975) summarised the theories reported in the literature, which explained 

globule break-up, namely: shear in the liquid and shear between the valve faces and its 

seat (Doulah et al,. 1975), impact against the side walls, velocity changes and turbulence, 

cavitation forces McKillop et al,. 1955; Loo et al. 1950; Loo and Carleton 1953), 

turbulence itself, and the presence of velocity gradients.

Cavitation: It is unlikely that cavitation acts as a major factor causing disruption, though 

some authors attribute the cause of disruption in homogenisers to this phenomenon. The 

theories based on cavitation are discussed by Phipps (1975). Claims that cavitational 

forces are responsible for disruption do not tally with experiments showing that effective 

homogenisation still occurred when calculations indicated that cavitation was unlikely to 

be taking place in the valve (Phipps, 1971). It was also concluded that shattering effects 

and shearing between valve faces had no significant effect on fat globule break up 

(Brookman, 1974).

Discussed in the subsection below are summaries of more widely accepted cell disruption 

mechanism theories.
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1.2.2.1 Hydrodynamic models

Several research workers have in the past attempted to understand fully the disruption 

process occurring in the high pressure homogeniser by describing the process through 

mathematical expressions based on realistic hydrodynamic models. Brookman (1974) 

proposed to elucidate the mechanism of cell disruption by first analysing the 

hydrodynamic phenomena occurring in the homogeniser. He proposed that the 

mechanism for cell disruption be attributed to the magnitude of the suspension pressure 

drop and the velocity at which it occurs. Brookman's (1974) results were interpreted on 

the basis of a shear stress mechanism causing cell disruption (Engler, 1979). Engler 

argued that the hydrodynamic phenomena existing in the homogeniser are too complex 

to allow a straight-forward analysis of the disruption mechanism. Therefore, Engler 

carried out a series of investigative studies under well-defined, controlled hydrodynamic 

conditions. From his studies he concluded that cell disruption in high pressure 

homogenisers is caused by the stresses generated by shear and impact of the cells as they 

flow through the homogeniser.

1.2.2.2 Stress Analysis

From published results, the most likely mechanisms causing cell disruption in the high 

pressure homogeniser are impingement stresses and shear stress.

Disruption of the cell wall structures requires the application of stresses sufficiently large 

to break covalent and other types of bonds within the wall structures. In the high 

pressure homogeniser, stresses are generated by shear and impact. Engler (1979) 

investigated the effects of the following types of stresses on cell disruption:

• Normal stress

• Shear stress

• Impingement stress
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These studies were carried out under well-defined hydrodynamic situations using 

specially adapted high pressure devices, The studies undertaken by Engler, though not 

actually carried out in an homogeniser, are of interest as they perhaps provide an initial 

insight to the mechanism of cell disruption in a high pressure homogeniser.

Impingement Stresses

Engler (1979) concluded that impingement was the major cause of cell disruption. Work 

carried out by Keshavarz (1990) also showed that impingement plays an important role 

in cell disruption. The stresses acting to disrupt cells during impingement are related to 

the dynamic pressure created when the jet impinges upon a plate. For laminar flow, the 

maximum stress to which cells are subjected to during impingement is given by:

Ps =  (1 /2 ) ./7 . u '  (1.8)

where, ?s = stagnation pressure (Pa); U = the velocity at the orifice (m/s); p is the 

fluid density (kg/m^)

Engler (1979) argued that this could not be converted to a stress acting on the surface 

area of a cell since the actual behaviour of cells during impingement is not known. 

However the above equation does provide a means of evaluating the highest stress level 

within the fluid elements during impingement disruption of cell suspensions.

Normal stress

From the results obtained by Engler (1979) it would seem that normal stress during 

disruption is one fifth of that due to impingement stress, i.e. it may be relatively 

negligible. However, difficulties in obtaining accurate and reliable data were 

encountered, and the data on which the above conclusion is based was limited.
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Normal stresses are thought to "stretch" the cells in the direction of flow and become 

more significant in the rapid viscoelastic flow through orifices. The normal stress can be 

shown to be related to the thrust created by a jet (Metzner and Metzner, 1970) through 

an equation of the form below;

® p u '  - (P11-P22) (1-9)

where 0  = jet thrust (N); Ro=radius of orifice (m); U=mean velocity through orifice 

(m/s); (Pii-P2 2 )=normal stress differences (N/m^) and p=fluid density (kg/m^)

From the above equation Engler (1979) derived a term for normal stress suitable for his 

high pressure flow device:

P = Ko A U ' + (Pii - P22) (1.10)

where P = operating pressure (N/m^) and Ko = parameter that includes kinetic energy 

and viscous losses.

At low velocities, or with Newtonian fluids at any velocity, the term (P1 1 -P2 2 ) becomes 

negligible.

Shear stress

No conclusive results have yet been published that quantify the extent to which shear- 

stress plays a part in the disruption mechanism. Shear stress is caused by friction forces 

generated during flow. Shear stress for constant fluid properties along the length of a 

capillary tube may be given by the following equation:
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where Xa = shear stress (NW); APv = pressure drop across capillary due to viscous 

effects (Pa); r = radial position (m); and L = length of capillary (m).

For a complete analysis of the shear stress history of a cell suspension flowing through a 

capillary tube, several factors must be considered. The major effect to be considered in 

determining the shear stress history of the cell suspension is viscosity change related to 

temperature and to the suspending fluid composition.

1.2.2.3 Flow through Restricted Orifices

The most recent work done on the elucidation of the homogenisation mechanism is that 

on the implications of valve design on cell disruption efficiency (Keshavarz, 1990).

A generalised diagram of the valve unit is shown figure 1.3; This identifies the 

dimensions of importance, and the flow path taken by the cell suspension. The "land" is 

the length (R-Ro) where at a given pressure a gap (width h) is created between the valve 

rod and valve seat. The fluid then impinges on an impact ring a distance X from the 

valve. The principal energy losses in the valve unit consist of an entry zone loss (radius 

>Ro, a friction loss across the "land", and an exit zone loss (radius >R). Values for these 

losses is very difficult to obtain because of the physical difficulties encountered in 

carrying out experimentation in the valve zone of a high pressure homogenise. The only 

available information was put forward by Phipps (1975). The sum of losses was put 

forward for turbulent flow, as shown in equation 1.12
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(1.12)

Total pressure loss = entry zone loss + friction loss + exit zone loss

Where P = total pressure drop; Uo = mean velocity at radius Ro; P = fluid density; p =

fluid viscosity; cl = entry loss taken as 0.5 for sharp entries; h = gap width 

between the valve rod and the valve seat; Ro and R= entry and exit diameters, 

respectively, as shown in the generalised valve diagram (figure 1.3). Re = 

Reynolds number at the entry into the homogenisation zone of the valve unit

and eL = exit loss factor taken as unity. The pressure drop P is taken as the

homogenisation pressure discharging to atmosphere.

The friction loss term is an empirical modification of the friction loss for turbulent flow 

between two parallel plates to allow for the smaller dimensions in the homogeniser 

(Kawaguchi, 1971). The change from a laminar to a turbulent regime for radial flow 

occurs at around a Reynold's number of 500 (Phipps, 1975; Kawaguchi 1971). Turbulent 

flow conditions are assumed to exist in the homogenisation valve area (Keshavarz, 

1990).

Equation 1.13 above was then re-written as;

Q '  1 S.p.v"’ r Q 1

7 /5 1 1
2

Q 1
2.;r.R„.h h’ _ R r  R '"_ _2.?r. R.h

(1.13)

where, Q = flow rate and v = kinematic viscosity of the fluid.

It is thus possible to calculate the gap width h for a given valve geometry at a given 

pressure. For milk homogenisation processes the application of this equation predicted a
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decrease in h, with increasing homogenisation pressure (Phipps, 1975). This decrease in 

"h" had been observed experimentally by McKillop et a l (1955).

Equation 1.13 provides a basis for relating the valve unit geometry to the flow 

characteristics. However, the equation does not take into account the impact ring effects. 

Beyond the exit from the valve zone, the fluid impinges on an impact ring. From results 

obtained by Keshavarz et al. (1990), it was shown that impingement affected cell 

breakage and therefore must be considered in the investigation of cell disruption 

mechanism. The next section looks at the mechanism of impingement.

1.2.2.3.1 Jet Impingement

The impact distance, X, is measured from the valve rod to the impact ring (see figure 

1.3). It is from this point that jetting occurs.

Several researchers have worked on predicting the wall shear stress profile in the 

impingement region of circular turbulent Jets. Most of the research work carried out on 

jet impingement hydraulics have used air or water as the fluid under analysis. The general 

conclusion is that the most severe hydrodynamic action of the flow on the boundary 

occurs in the impingement region where the wall shear, as well as the pressure gradient, 

are significant.

From experiments (on jet impingement from a circular orifice) carried out by Beltaus 

(Beltaus and Rajaratnam., 1974) it was reported that for subsonic impinging m  jets in 

the turbulent flow region, the stagnation pressure (Ps) at the point of impact is a function 

of exit jet velocity from the orifice, U, the distance from the orifice to the impingement 

wall, X, and the orifice diameter, d;

Ps = (1.14)
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The variation of the wall shear stress in the impingement region was shown to be 

predicted by the following relationship, obtained from dimensional analysis of a circular 

orifice:

To = 0.18
- 114^

(1.15)

where Xo = wall shear stress; X, = r/H = dimensionless r; r = radial distance; H 

impingement height.

In the equation above the maximum shear stress, tom, is given by :

Tom
0.16/, U'

d

(A = 0.14) (1.16)

As equations 1.15 and 1.16 were derived on the basis of dimensionless analysis where, 14 

a  d'  ̂and H = X, then:

Ps or z-om a
X" d"

(1.17)

Keshavarz (1990) argued that as Ps or Xom may be taken as being representative of flow 

conditions in a particular jet, then in the case of cell disruption, if impingement was a 

significant breakage mechanism, it would be expected that the disruption rate would be 

directly proportional to an equivalent stagnation pressure or maximum wall shear stress. 

A certain fraction of the cells nearest to the centre of the impacting jet would then be
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disrupted, this resulting in a first-order process as has been observed experimentally 

(Hetherington et al, 1971). Keshavarz (1990) then assumed that if the dimensional 

analysis for an impinging air jet were applied to the more complex particle/liquid 

suspension (i.e. cell suspension), then equation 1.17 may be used to describe the 

impaction phenomena in the high pressure homogeniser. In that case "d", the jet diameter 

is replaced with the valve gap width, "h":

Ps or a  (1.18)

Keshavarz (1990) showed that the variation of disruption yield with the group 1 /xV  

follows one curve (see figure 1.5): Firstlv at constant "h", where one valve geometry 

(CD valve unit) is used at constant pressure with a range of impact distances, and 

secondlv. at constant X, where different valve geometry were used with at constant 

pressure with the same standard impact ring. The relationship (equation 1.18), hence, 

describes the operation of the homogeniser quite well within the narrow range of gap 

widths studied, i.e. 12.6 mm < h < 21.6 mm (constant pressure at 46 MPa). For the CD 

unit it was estimated that only 20% of the disruption obtained after the first pass (using a 

standard impact ring) is due to the valve geometry, the 80% remaining being achieved by 

impingement.

Further work is required using various operating conditions (e.g. number of passes and 

gap width) in order to assess their effects on the relationship obtained above.
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Figure 1.5 _ Effect o f  impact distance and valve geometry on soluble protein release 

from baker’s yeast at 46 MPa (Keshavarz, 1990).
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1.2.3 Resultant Fluid Characteristics

Separation of cell debris from the resultant homogenate is important if maximum 

efficiency and reproducibility is to be attained from the subsequent downstream unit 

operations (Hearle et al, 1994, Mosqueira et al, 1981 and Higgins et al, 1978). 

Typically, processes for the removal of cell debris on a large scale involve centrifugation 

and /or filtration. The performance of these processes depends on the physical properties 

of the cell debris suspension. The cell disintegrates produced by high pressure 

homogenisation have the following adverse properties,

• small particle size

• wide particle size distribution

• high solid compressibility

• high viscosity

• small density difference between solid and the liquid phase

In order that the performance of cell debris separation can be simulated it is necessary to 

have information on some characteristic physical properties of the suspension. At present 

there is only veiy limited literature concerning the study of these properties.

1.2.3.1 Particle Size Distribution

Su et ût/.(1987) found that increased number of passes of yeast cells suspension through a 

high pressure homogeniser increased protein release; however, the filtration properties 

deteriorated. This was due to the production of "fines" (decreasing average particle size) 

which was reported to be more significant than the reduction of specific cake resistance 

due to a decrease in suspended solids concentration. Gray et a l (1973) and Agerkvist 

and Enfors 1980) also reported that the removal of yeast cell debris by filtration resulted 

in a rapid increase in filter cake resistance due to blinding of the precoat.

Studies by Mosqueira et a l (1981) showed that for yeast debris a settling rate of 6 x 10'* 

m s'* to achieve a 95% recovery compared to 10'̂  m s'* for whole yeast cells. Also a 

increase in flow rate, from 300 L h * to 3500 L h'*, would improve % sedimented solids
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from 80% to 93% for yeast debris, and 15% to 70% for E. coli debris (Higgins et a l 

1979).

The effect of valve geometry on yeast debris size distribution was studied by Keshavarz 

(1990) who studied the effect of valve geometry on yeast debris formation. Yeast debris 

was sized after 1,3, and 5 passes through the homogeniser for each of the five valves 

(figure 1.4a-e), fitted with the standard impact ring. A reduction in the proportion of the 

large particles and an increase in the proportion of the small particles was observed. As 

soluble protein release the proportion of smaller sized particles increased (latter also 

observed by Su et a l (1987)). Keshavarz (1990) found that the FV valve gave larger 

particles for equivalent protein release compared to other homogenisation valve, the KE 

valve gave the least large particles. It was suggested that the length of the "land" width 

may be a contributing factor in particle attrition; FV valve has the longest "land" width 

and the KE valve the shortest.

The effect of impact distance on debris size was also investigated by Keshavarz (1990). 

The proportion of smaller particles increased with decreasing impact distance, as more 

cells are being disrupted.

1.2.3.2 Viscosity and Density

Work carried out by Mosqueira et a l (1981) and Lee et a l (1979) show that viscosity 

increases as the amount of protein release increases. This has been attributed mainly to 

the release of nucleic acids. Mosqueira et a l (1981) also reported an insignificant change 

in density from the whole yeast cell suspension and the yeast homogenate. A value for 

the density of the yeast debris particle has not yet been measured, this is an important 

parameter for centrifugation efficiency calculations.
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1.2.3.3 Yeast Debris Morphology: Microscopy Study.

Lee et a l (1979) studied the morphology of dried Candida lipolytica yeast before and 

after homogenisation. They found that the dried yeast cells were in a spherical 

agglomeration of hundreds of closely bound cells, but which were vulnerable to 

homogenisation. Homogenisation of the yeast was not only shown to break up the 

clumps but also "cracked" the cell wall structure though it must be noted that the cell 

suspension was first treated with alkali and hence these observations may not be general. 

The yeast cells maintained their "egg shape" after homogenisation. The protein was 

reported not to have been released through the cracked cells into the water suspension, 

as the protein may have become insoluble during the drying process. Further 

investigation of the morphology of the yeast debris is required to assist in elucidating the 

mechanisms of cell disruption in the high pressure homogeniser (see section 1.3.1 for 

details on the yeast cell wall).

1.2.4 Conclusion

There are several factors affecting cell disruption kinetics using a high pressure 

homogeniser. There has been little work carried out on modelling the effect of changing 

these factors on the resultant homogenate particle size distributions, almost all the 

studies have been carried out to determine the affect of these factors on protein release 

kinetics.

1.3 The Yeast Substrate

Yeasts are unicellular and usually about 3-8 pm in diameter. The cell wall of the yeast 

lies immediately external to the limiting cytoplasmic membrane. In order to release the 

intracellular material, the yeast cell wall has to be broken. The yeast cell wall has been 

described as a thick, tough, rigid wall which is difficult to rupture by mechanical means. 

The shape and strength of microbial cell walls depend on the structural polymers within 

the cell wall and the degree to which they are cross-linked to one another and to other
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cell wall components. To disrupt a cell, the major resistance which must be overcome is 

the covalent bonding of the structural network of polymers making up the cell wall. The 

structure of the cell wall is also dependent on genetic information and the growth 

environment.

1.3.1 Yeast Cell Wall Structure and Composition

The cell wall structure for yeast is not yet fully understood. The basic structural 

components have been identified as glucans, mannans and proteins, but the way in which 

these are combined to form the structure is not known. The overall structure is 

somewhat thicker than the structure in Gram-positive bacteria. Cell walls have been 

reported to be approximately 70 nm thick. The thickness increases with age (Moor and 

Muhlethaler, 1963). However, because the structural organisation of the yeast cell wall is 

not completely known, it is possible that only a portion of the thickness contributes 

significantly to the rigidity and strength of the wall (Engler 1985).

The present understanding of the nature of the cell wall is based largely on the combined 

evidence obtained from chemical and physical studies, enzymic degradation of walls, and 

from cytological investigations. Most of the studies have been based on the cell walls of 

baker's yeast, Saccharomyces cerevisiae, and other closely related species. The main 

components of Saccharomyces' walls are several types of glucan and mannan-protein 

complex, each of them located in layers. The outer layer consists of a mannan-protein 

complex and the inner layer of an alkali-insoluble glucan which is mainly responsible for 

the physical strength of the cell wall. Between these two there is a layer of alkali-soluble 

glucan.

The mannan/glucan ratio in the yeast cell wall have been found to be influenced by the 

medium and growth conditions and the alkali-insoluble glucan/alkali-soluble glucan ratio 

will vary in cells of different size (Katohda et al. 1976). Small cells will contain a higher 

amount of alkali-soluble glucan and large cells a higher amount of alkali-insoluble glucan. 

The alkali-soluble glucan is the structural component of the cell wall responsible for its 

rigidity and strength. It corresponds to approx. 30% of the cell wall.

Mannan-protein complex. The Mannan of baker’s yeast is composed almost entirely of 

D-mannose residues arranged in the form of an a(l-6) linked backbone of approximately

70



50 units in length, which has short side chains of a(l-2) and a(l-3) linked mannose 

residues. The linkage of this backbone to the protein is through a b(l-4) bond to 

N acetylchitobiose, which in turn is linked to asparagine in the peptide chain. The 

polymers of hexoses and hexosamines provide the main structural wall elements. In many 

yeasts the principle structural macromolecule of the wall is chitin, which is made up of 

N-acetyl glucosamine residues. These are linked together by b-l,4-glycosidic bonds, like 

the glucose residues in cellulose. In yeasts extraction of the wall wit hot alkali leaves an 

insoluble glucan, made up of b-l,6-linked D-glucose residues, with b-1,3-linked 

branches arising at frequent intervals. An additional, soluble polysaccharide is mannan, 

an a-l,6-linked polymer of D-mannose with a-1,2 and a-1,3 branches. The walls of a 

number of yeasts contain complexes of polysaccharide with proteins rich in cystine 

residues.

1.4 Simulation of Bioprocesses

This section aims to give an introduction to bioprocess simulation and includes details of 

potential uses and benefits of process simulation and general simulation strategies available 

(e.g. steady-state and dynamic). This section also includes an introduction to downstream 

process simulation, and the types of modelling carried out for bioprocesses.

Due to the increasing importance of biochemicals, the optimal design and operation of 

process equipment for the production of these biochemicals is of interest. Market forces, 

requirements for FDA approval, tightened specifications on effluent emissions, biological 

containment and better energy economy are making increasing demands on the performance 

of biochemical processes. Many companies are finding that the development of eflflcient and 

economical manufacturing processes for these new products is one of the more dififlcult 

hurdles to commercialisation, particularly in the present economic climate. To meet these 

requirements, specifications for design are becoming more stringent. Engineers, as they have 

done in the chemical processing sector are now looking to computer assisted simulation as a 

means to obtain initial process knowledge.

Process simulators have been used within traditional chemical processing for a number of 

decades. In biochemical processing the use of simulators has only been endeavoured since the
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early 1980s and there has been a gradual trend towards a more computerised analytical 

approach to problems in the design and operation of biochemical processes (Gritsis and 

Titchener-Hooker (1989), Cooney et al. 1989 and Petrides et a l 1989). In addition, the 

application of a computer-based approach provides a deeper understanding of the 

mechanisms of the processes studied.

In the following sections 1.4.1 and 1.4.2 the potential uses and benefits of bioprocess 

simulation are given. Section 1.4.3 gives an overview process simulation and the most 

common types of simulations used (i.e. steady-state and dynamic simulations). An overview 

of the requirements of downstream process simulation is given section 1.4.4. Section 1.4.5 

gives a brief description of the types of models used and data generated for the purpose of 

simulating a total bioprocess.

1.4.1 Uses of Bioprocess Simulation

A bioprocess simulation package, would be used for:

1. Process Svnthesis. Which includes process fiowsheeting; screening of various 

reaction schemes, separation sequences and general processing routes.

2. Process Design. Which includes determination of the mass and energy

balances, unit sizes, the system flow rates, and the various operating

parameters of the units for a given flowsheet.

3. Process Optimisation. Determination of the "best" system, this would include

the best selection of design parameters, flowsheet and product.

4. Cost Estimation

1.4.2 Potential Benefits

Some of the benefits for using bioprocesing simulation is that it is:
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1. Quicker to design a process, hence, reduce expensive time lag. Used to 

estimate;

a) sizes for both pilot-plant and full-scale plant, based on bench scale and pilot

scale results

b) product yields under a variety of operating conditions

2. Reduce process costs

3. Determine most sensitive operating parameters

4. Optimise existing process

5. Different scenarios of operation can be tried on units not yet built

6. Complex sequences of events can be readily reproducible

7. There is no interference to product quality or production rate since 

simulations can be carried out off-line and;.

8. Safer than experimenting with new operating conditions on-line.

1.4.3 Process Simulation

Any fiowsheeting (simulation) package consists of mathematical models that describe the 

process and algorithms that solve the computational tasks generated by the solution of the set 

of process models. The mathematical models generated can either be performance based-i.e. 

all input stream information and equipment parameters are supplied to the models so that 

output stream information may be calculated, or design based-i.e. a suitable combination of 

input and output stream information relating to equipment function are supplied to the models 

so that equipment design calculations may be carried out.

The performance based calculations (referred to as simulation) can be classified into two 

groups:

a) open simulation and

b) "control" simulation.

In the former group the parameters of the feed streams enter the plant fi'om outside and unit 

parameters are given, and the simulation problem remains to determine the composition of all 

of the other streams in the plant. For the latter case the set of parameters of certain internal
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and/or exit streams is fixed, the problem is to adjust the unknown feed streams parameters to 

obey a specification (Denn, 1986).

Simulation of processes are usually of two types, steadv-state simulation and dynamic 

simulation., these are described in the following section.

1.4.3.1 Steady-State and Dynamic Simulation

For problems related to design, operability, control and optimisation of chemical processes, 

steady-state simulation and dynamic simulation provide important information. The 

simulation strategies, i.e. the method of solution of the model equations representing the 

process flowsheet, for the two modes of simulation depend on the equations representing the 

dynamic and the steady-state models, the set of specified (or design) variables and the state of 

unknown (state) variables. For steady-state simulations, the equations describing each model 

are all of an algebraic form, while for dynamic simulations, a mixed set of equations 

composing both ordinary differential equations and algebraic equations are used to represent 

the model equations (Gani and Toneva, 1989).

There are two different numerical approaches to simulate the dynamics of an integrated 

process:

• Ordinary Integration and;

• Modular Integration

In the first approach (ordinary integration) all linked subsystems are considered as one single 

large system. A single algorithm, explicit or implicit, is used to simulate the dynamics of the 

whole system. Time is advanced by the same amount at each time step for each subsystem 

(Liu and Brosilow, 1987 and Perkins and Sargent 1982).

In modular integration, each subsystem is integrated independently with independent error 

control. Explicit and implicit integration algorithms are used to integrate subsystems
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separately (Liu and Brosilow, 1987). Advantages of having modular integration over ordinary 

integration are as follows;

(i) the simulation can be more efficient because:

(a) each subsystem uses an integration algorithm which is best suited to that

subsystem,

(b) each dynamic simulator has its own error control, and

(c) all dynamic simulators can operate in parallel.

(ii) the software can be completely modular and therefore easier to maintain.

Modular integration methods provide viable alternatives to other methods, and may hold the 

key to very large scale dynamic simulations.

1.4.4 Downstream Processing Simulation

The simulation of downstream processing is gaining greater interest in the bioprocessing 

industry since downstream processing is usually the most capital intensive component in the 

manufacturing of bioproducts. Any downstream process simulation tool should be able to 

help design a downstream process were there are (based on Jackson and DeSilva, 1985).

1) large volume reduction

2) the spent broth is in a form suitable for recycle or treatment as effiuent

3) high product recovery

4) high rejection of unwanted broth constituents

5) high throughput

6) low capital cost

7) low energy requirements

8) low raw materials cost

9) easy materials handling

Some of the present features of downstream processing that may simplify the simulation 

problem are:
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1. the input to a downstream process is a single stream i.e. the fermentation output.

2. downstream processing usually takes place at close to ambient temperatures, hence 

heat exchange between process streams is precluded.

3. Many downstream processes unit operation sequences are "straight through" 

operations. The main recycle streams encountered are recovered biomass and/or 

broth liquids to the fermenter.

However, the simulation problem is complicated by the lack of robust models describing the 

unit operations and also the interactions between the unit operations in a bioprocess train.

The following sections details some of the modelling techniques used in bioprocessing.

1.4.5 Modelling of Bioprocesses and Statistical Data Generation

Mathematical models of processes (or equipment) are required if process simulation studies 

are to be carried out for the purposes of design, prediction, control and optimisation. Most 

chemical processes can be modelled by a set of balance equations (mass and/or energy) and a 

set of equations related to the different individual units of the process, stream properties and 

other thermodynamic properties. While the balance equations may be algebraic (steady-state) 

or ordinary differential equations (dynamic), and the 'other* set of equations is usually all 

algebraic. In contrast, for most bioprocess technologies there are very few theoretical models 

which can be used to explain process performance. Consequently, successful research is 

characterised by effective empirical problem-solving. Statistical problem solving provides a 

set of powerful tools which can be used to maximise the efficiency and productivity of 

empirical problem solving. The reason why statistical problem solving have been used 

effectively in biotechnology applications is because many of these applications involve 

(Haaland 1989):

• Many factors

• No theoretical models

• Data which may include high level of noise and;
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• Interaction among variables

The following subsections describe the types of models used (equipment and process), data 

generation (experimentation) techniques and equations used to describe a bioprocess.

1.4.5.1 Types of Models

There are three identifiable methodologies to obtain the equations for a mathematical model, 

categorised as follows:

1. Fundamental: Uses the accepted theory of the underlying sciences

to derive equations.

2. Empirical: Uses direct observations to develop equations that

describe the experiments.

3. Analogy: Uses the equation describing an analogous system-

this method is too specialised and intuitive.

Many of the current bioprocessing models are empirical models, also referred to as "black 

box" models. They are extrapolations of past data, and can therefore only be used for 

conditions that are bounded by those for which the data was obtained. Extrapolation beyond 

these confines, to explore new operating conditions, is potentially dangerous.

Fundamental models find the only means of extrapolation in order to search out new regimes 

and policies, hence they should be used whenever possible.

In some cases much empirical information is mixed together with a few basic principles and 

concepts to develop some new equations to predict behaviours.

It is fi’equently possible to postulate several models of various levels of complexity or detail to 

characterise the behaviour of the system. The degree of complexity or sophistication of the 

relationships is determined by the intended use of the model and the quality and quantity of 

data available. Postulating these models is the first step in the model building process. Then
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the available data are used to discriminate between these candidate models. Once the best of 

these models have been identified, classical statistical procedures, such as goodness-of-fit 

tests and residual analysis, can be used to measure adequacy of the model, to select possible 

modifications, and to help in the selection of additional models. If the available data does not 

contain suflScient information to discriminate between the models, a carefijlly controlled 

designed experiment program should be carried out to effect this discrimination. Analysis of 

this designed data set should help to narrow the choice of models. Further experimentation 

and analysis may be necessary until a suitable model is obtained. The final step in the model 

building process is to perform additional experiment, if necessary to improve the estimates of 

the parameters in the model. The problems of discriminating between models and estimating 

the parameters are fi'equently referred to as the "model identification" and "parameter 

estimation" problems respectively (Blau and Kuenker, 1987).

Setting up a model

The basic concepts and principles required to build a models are:

1) Visualise what is happening physically

2) Search professional literature and handbooks

3) Identify basic relationships that can be used to start building the model.

1.4.5.2 Process Models

Models of process behaviour are used in many stages of chemical plant operation. The 

following are the most frequent applications of process models (Cott et a l, 1989): 

process analvsis: typically uses steady-state and mass and energy balance models

process control : typically uses dynamic, linear cause and effect models and;

process optimisation: typically uses steady-state, linear and economic models

There are several major drawbacks to the use of these widely-varying models. Firstly, there is

always some degree of mismatch between the various models and, therefore the results of one 

model may not be applicable to the others; secondly, there is the overhead in developing, 

maintaining and correlating several different models to describe the same process. The 

development of process model-based engineering (PMBE) has tried to overcome these 

problems. PMBE is an integrated approach for process analysis, control and optimisation
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where the same steady-state, non-linear, process model is used at each stage (Cott et al, 

1989).

1.4.5.3 Data Generation

Research in Biotechnology generates great-quantities of data. Since there is limited time and 

resources available to generate and understand this data, it is important that the data is 

information rich.

Typical reasons for collecting data are listed below (Haaland 1989):

1) Determine which few out of many variables significantly affect process performance.

2) Determine how the settings of the variables should be changed in order to improve

the process performance

3) Determine the optimal process performance level and specify what actions must be 

taken to achieve this level.

Experimental categories

Although statistical experimental design has been widely used in many area of science and 

industry, it has not yet been widely adopted in the biological sciences. This has been due to 

the lack of published literature addressing this problem. (Haaland 1989)

Biological experiments are not exactly repeatable, variability consists of two components.

1) Experimental error

2) Measurement error (e.g. noise)

The main type of experiments are screening, optimisation, and verification experiments 

(Haaland, 1989).

Screening experiments are small experiments which include many variables. They play an 

important role in the early stages of an investigation. Because they are small and include many 

factors; they do not have as much information per factor. Their objective is problem 

reduction; that is, to focus on the important variables and to find out about their best settings.
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The purpose of an optimisation experiment is to build a mathematical model which can be 

used to predict the behaviour of the process being investigated. This requires a lot of 

information about each factor so that optimisation experiments usually only include a few 

factors but are very large, (in terms of information produced per factor), compared to 

screening experiments.

There are two types of verification experiments:

1) the simplest verification experiment shows that the predicted optimal process 

performance can be reproduced in a second experiment. This may involve production 

rows or further laboratory experiments.

2) a larger type of verification experiment may be designed to verify that, over a given 

range, a set of important factors have the predicted effect on the process being 

studied.

An efficient experiment is one that derives the required information at the least expenditure of 

resources. The three essential items for successful, efficient experiments are;

1) Knowledge of the process

2) A response variable

3) Clear goals and objectives

1.4.5.4 Fitting Equations to Biological Data

Biochemical/biotechnology experiments are often analysed by fitting data to an algebraic 

equation such as a straight line, or to the sum of a number of exponentials. The objectives of 

the curve fitting are generally

(i) to decide whether the equation fits the data satisfactorily;
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(ii) to estimate the values of the parameters characterising the curve (e.g. the 

slope and intercept of a straight line) and;

(iii) to calculate the confidence limits for these parameters so that values derived 

fi'om different experiments can be compared statistically.

The most fi’equently used method for curve fitting is by minimising a weighted sum of squares 

residuals (least squares methods). The theory of least-squares regression has the following 

problems:

• Experimental error must be normally distributed (not always the case).

• Variance of the error at each data point must be known (not always known).

• Data points associated with large errors often lead to inaccurate parameter estimates and 

biased confidence limits.

In order to overcome these problems "robust" non-linear methods need to be used. (Atkins 

1983, ViUadsen 1989)

1.4.6 Conclusion

Typical methods of process simulation and the benefits of using process simulation have been 

presented. In setting up any bioprocess simulation tool it is important that meaningful and 

robust models are developed. Since many of the bioprocess models developed are of an 

empirical or semi-empirical basis then model verification trials and parameter estimation 

routines need to be established.
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1.5 Aims of Research

The aims of the research covered in this thesis are to simulate and optimise the high pressure 

homogenisation step for the release of an intracellular product. Therefore, research work shall 

be carried out to:

1) Model and simulate the changes to the homogenate particle size distributions occurring 

during high pressure homogenisation (Chapter 3).

2) Study the effect of throughput capacity, initial cell concentration, very high 

homogenisation pressures on the resultant homogenate characteristics. The purpose of this 

study is to scale-down the high pressure homogenisation stage such that a scaled down 

process can be used for process verification and parameter estimation studies for a large scale 

process (Chapter 4).

3)Finally, the effects of changing fermentation conditions on the cell disruption stage shall 

also be studied and modelled. The fermentation conditions that will be varied are: growth 

rate, growth phase, growth media, aeration and growth mode (continuous or batch). The 

effect of storing the harvested broth prior to cell disruption shall also be studied (Chapter 5).
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2 Materials and Methods

In this chapter the fermentation, high pressure homogenisation and analytical materials and 

methods used for this thesis work are detailed. The microorganism studied in this thesis was 

the yeast Saccharomyces cerevisiae. Commercially available packed baker’s yeast was used 

as well as baker’s yeast grown using both batch and continuous fermentation methods. 

Fermentation parameters were monitored both on-line and ofif-line. The main parameters of 

interest for the downstream processing study were total biomass (dry cell weight) and total 

intracellular protein.

Section 2.1 lists the materials and method used for cell culture production. Section 2.2 

describes the three homogenisers used for disruption of cell cultures and section 2.3 details 

the materials and methods used for homogenate analysis.

Unless otherwise stated, all chemicals listed in this chapter were of AnalaR grade and were 

obtained from BDH Chemicals Ltd (Poole, Dorset, UK), Sigma Chemical Co (Poole, 

Dorset,UK) or Fisons pic (Crawley, West Sussex, UK).

2.1 Cell Culture Production

Yeast Saccharomyces cerevisiae was used as the bio-system for the study of 

homogenisation and its interaction with other upstream processes. The advantages of using 

a yeast system are listed below:

• It is increasingly preferred as the system for the expression of recombinant

eukaryotic proteins.

• It is the most studied eukaryotic organism 

It is a unicellular organism.

• Yeast cells are relatively large: Yeast sizes range from 2-10 fim, while bacteria

ranges from 0.5-1 fim (where size is referred to as the particle diameter).
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To study the impact of fermentation conditions on the homogenisation step, baker’s yeast 

cell cultures of different fermentation history were produced. Cell cultures included 

commercially produced packed baker's yeast and freshly fermented baker's yeast. The 

following sections detail the cell type, growth medium, fermentation equipment and growth 

conditions used in the production of the freshly fermented baker’s yeast cell cultures.

2.1.1 Packed Baker’s Yeast

Fresh packed baker's yeast {Saccharomyces cerevisiae) was obtained from Distillers 

Company Ltd (Crawley, West Sussex, UK). The packed yeast was stored at 4-7 ”C and 

used within 5 days of purchase, to ensure freshness. As in Hetherington et al (1971), 

blocks of packed yeast (approx. 1 kg/block) were crumbled and re-suspended in 4mM 

K2HPO4  buffer adjusted using concentrated NaOH to pH 5.6, the buffer was kept at 4-7 “C. 

The final yeast concentrations used were 10, 100 and 450 g (wet weight) L'̂  (i.e. 1%, 10% 

and 45% wet weight/volume packed yeast).

2.1.2 Baker's Yeast Fermentation

Batch fermentations were carried out by Dr Mtra Dehghani and continuous fermentations 

carried out by Dr Malcolm Gregory both of the FSE IRC based in UCL.

The organism used for the fermentation was Saccharomyces cerevisiae (strain GB4918). A 

freeze dried culture of the strain was obtained from DCL Yeast Ltd (Glenochil Yeast, 

Clackmannanshire, UK). The strain was revived and a cell line was kept on a slope of 

glucose/yeast extract/peptone (YD?) agar medium as a master culture. The master culture 

was subcultured onto fresh slopes and YD? plates every three to four months. The plates 

were incubated at room temperature for three to four days and then stored at 4°C.
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Several cell cultures of baker's yeast were produced by varying cell fermentation conditions 

such as growth rate, growth phase and mode of fermentation (see section 2 .1 .2 . 2  for 

detailed description of cell cultures used for the homogenisation studies). Cell cultures 

obtained from these fermentations were homogenised immediately after sampling and the 

homogenate analysed immediately after homogenisation. Details of the homogenisation 

process are given in section 2.2 and the homogenate analysis details are given in section 2.3.

2.1.2.1 Growth Medium Used

The yeast cells were grown in defined and complex media.

Defined Medium

The defined growth medium was based on Dw medium of Fiechter et a l (1981). The 

fermentation medium was prepared and sterilised as four separate solutions (solution A, B, 

C and D). The composition of these four solutions are listed in table 2.1 for batch, 

continuous and fed-batch fermentations. The three main salts (solution A) were prepared in 

a 20L aspirator (for batch and continuous fermentations) and autoclaved for 30 minutes at a 

temperature of 120 °C and pressure 1 barg.

Part C was made up in 1 litre batches at 500x concentrations and acidified with 4M H2 SO4  

to pH=2.4. Part D was also made up in 1 litre batches at 500x concentrations. Concentrated 

solutions of Part C and Part D were filter sterilised separately and then 2 mL/L each of Part 

C and Part D were added to the cooled mixture of Part A and Part B.
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Table 2.1: Defined growth medium used for batch and continuous fermentations(Fiechter et 
al. 19Sn

Component
Composition (g L'*)

Batch Continuous

Part A:

(NH4)2S04 17.8 17.8

KH2PO4 5.7 5.7

NaCl 0.1 0.1

Part B:

glucose 30 40

MgS04.7H20 1.2 1.2

meso-inositol 0.16 0.16

CaCl2.2H20 0.15 0.15

FeS04.7H20 0.100 see part D

EDTA 0.243 0.243

Part C: Vitamins

d-Biotin 0.0001 0.0001

Ca.Pantothenate 0.002 0.02

nicotinic acid 0.015 0.015

thiamine. HCl 0.004 0.004

pyridoxine.HCl 0.010 0.010

Part D: Trace Elements

ZnS04-7H20 0.030 0.030

MnS04.2H20 0.032 0.032

H3BO4 0.015 0.015

C0CI2.6H2O 0.0056 0.0056

NaMo04.2H20 0.005 0.005

KI 0.002 0.002

FeS04.7H20 see part B 0.100

CUSO4.5H2O 0.008 0.008

All chemicals were obtained from BDH Ltd., (Hants., U.K.), Sigma Chemical Co. Ltd., 

(Dorset, U.K.) and Fisons pic., (Crawley, West Sussex, UK) unless otherwise stated.
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Complex Tundefined  ̂medium

The complex chemical medium used was Malt Extract, Yeast Extract, Glucose and 

Mycological Peptone (MYGP). This complex medium is detailed in Rainbow (1970). The 

composition of this medium is shown in table 2.2 below, and was prepared using deionised 

water and autoclaved (121 “C at 1 barg).

Table 2.2; Composition of the MYGP medium

Component Concentration g/L

Malt Extract 3.0

Yeast Extract 3.0

Glucose 30.0

Mycological Peptone 5.0

Complex medium was used in certain batch fermentations (see Chapter 5, table 5.1).

2.1.2.2 Fermentation Equipment and Operation Conditions

Batch fermentations were performed in a 7L fermenter and; continuous fermentations were 

performed in a 2L fermenter.

Batch fermentations

All batch fermentations (either with defined or complex medium) were performed in an LH 

2000, 7L (5L working volume) glass fermenter, (LH Fermentation, Reading, UK.). The 

fermenter had three equally spaced six blade Rushton disc turbines and four tank baffles.

The fermenter was fitted with a TCS 6358, eight loop PID controller (Turnbull Control 

System Ltd., Worthing, UK.). Temperature and pH of the broth, inlet gas into the fermenter 

and stirrer speed were controlled to set points. Other variables such as dissolved oxygen 

tension (DOT), and load cells measuring alkali and acid addition to the broth were 

measured variables and were monitored directly. For all the fermentations the set points of 

the controlled variables were: agitation (700 rpm), temperature (28 °C), pH (4.5), air-fiow
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rate (2.5 wm). The pH was measured by an Ingold 765 probe (Ingold, Urdorf, 

Switzerland), and was controlled using 2M NaOH and 2M H2PO4 . DOT was measured 

using an Ingold, steam sterilisable polarographic DOT probe. All these variables were then 

transmitted to an on-line data logging system, RT-DAS (Acquisition Systems, Surrey, UK).

The relative amounts of N%, O2 , CO2  and Air in each inlet and outlet gas stream were 

measured by a VG MM8-80, magnetic sector mass spectrophotometer (VG Gas Ltd., 

Middlewich, UK.). Analysis was normally at three minutes intervals. Calibration of the mass 

spectrophotometer was automatically carried out every twenty-four hours using standard 

gases. Mass spectrometer measurements were also logged by the RT-DAS system.

The analytical techniques for measuring the off-line parameters are described in section 2.3.

Continuous fermentations

Continuous fermentations using defined medium were carried out in a 2L (1.5L working 

volume) glass fermenter, (LH Fermentation, Reading, UK ). Fresh medium was fed to the 

fermenter via a glass grow-back trap using a peristaltic pump (Watson Marlow lOlU/R). 

The flow rate delivered by the pump was checked regularly manually. Culture volume was 

maintained constant by withdrawal of culture fi'om an overflow weir. Both aerobic and 

anaerobic continuous fermentations were used to obtain cell cultures. Aerobic fermentations 

were run using dilution rates of 0.28 h'\ 0.26 h'\ 0.21 h'\ 0.19 h '\ 0.11 h'̂  and 0.06 h'\ 

Continuous anaerobic fermentations were carried out at a dilution rate of 0.29 h"\ The 

fermentation pH was measured by an Ingold 765 probe (Ingold, Urdorf, Switzerland), and 

was controlled at a value 4.5 ± 0.15 using 4N NaOH on demand by a TCS 6358 eight loop 

PID controller (Turnbull Control System Ltd, Worthing, UK). Temperature was controlled 

at 28 ± 0.5 °C by heating rod immersed in the culture and by cooling rod with cold mains 

water on demand by a PID controller. Agitation was set a minimum of 1000 rpm and was 

increased further when oxygen tension fell below 10 % saturation. Oxygen tension was 

measured by a steam sterilisable polarographic DOT probe (Ingold, Urdorf, Switzerland). 

Air flow was controlled at 0.5 wm. The relative amounts of N2 , O2 , CO2 and Air in each 

inlet and outlet gas streams were measured by a VG MM8-80, magnetic sector mass 

spectrophotometer (VG Gas Ltd., Middlewich, UK.) as described above.
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The analytical techniques for measuring ofif-line parameters are described in section 2.3.

2.1.2.3 Cell Culture Sampling

The fermentations were sampled such that a wide range of cell cultures could be obtained.

Batch: Samples were obtained from the exponential, early stationary, and late 

stationary phases during the batch fermentation processes using both 

defined and complex media.

Storage: Cell cultures obtained from early stationary phase of the batch defined

media fermentations were stored up to 30 hours both at 4-7 °C in an 

unaerated glass vessel. This “ageing” broth was sampled at certain intervals.

Continuous: Samples were obtained during the continuous aerobic fermentation process

for cells grown at the following dilution rates: 0.06 h'\ 0.11h'\ 0.19 h'%

0.21h'\ 0.26 h‘‘ and 0.28h'\ Samples were also obtained during the

continuous anaerobic fermentation process for cells grown at dilution rate 

of 0.29 K\

All experiments were repeated at least twice. Unless stated otherwise, cells were grown 

under aerobic conditions. For continuous fermentations at least five pot volumes were 

allowed before sampling to ensure system had reached steady state.

Cell concentrations of cells prior to high pressure homogenisation were adjusted to be 

within the range 3-6 gL*̂  DCW (see section 2.1.2.5). Cells were diluted using 4mM

K2HPO4 buffer at pH 5.6. Dry cell weight was estimated from OD readings (see section

2.1.2.4). Cell cultures were homogenised and analysed immediately after sampling.
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2.1.2.4 Dry Cell Weight Measurements

Dry cell weight measurements were taken for commercially packed baker's yeast blocks, to 

monitor the consistency of the different batches of yeast. The yeast data were expressed in 

terms of wet weight of packed cells. For the fermented baker's yeast dry weight 

measurements were taken continuously throughout the fermentations.

Method for dry weight measurement

The dry weight measurements were obtained by pipetting 20 mL samples onto a pre-dried 

(24 hours in drying oven at 85°C) glass micro fibre filters (Whatman, grade GF/C, 4.7 cm 

diameter, 0.45 mm) positioned on a Sartorious vacuum filter apparatus (Sartorious 

Instruments Ltd., Surrey, UK.). Once a vacuum had been applied the solid residue was 

rinsed with 10 mL of deionised water which was also removed by reapplying the vacuum. 

The solid residue and the paper were placed in an 85 °C oven for 24 hours to dry. The filter 

and biomass were then placed in a desiccator to cool to room temperature and re-weighed. 

The difference between the weight of the filter paper before and after the addition of the 

residual solids to the filter paper was used to determine the dry weight of the solids in the 

original 20 mL sample.

Three repeats were carried out per sample and the repeat samples showed the experimental 

error to be ±4%.

2.1.2.5 Optical Density (OD) Readings

For the fermented baker's yeast OD measurements were taken continuously throughout the 

fermentations. The OD readings were then used to adjust the concentration of the 

fermentation broth (cell culture) samples to be between 3 to 6 g/L

Method for OD measurement

Fermentation broth was diluted with deionised water to obtain an optical density reading 

less than 0.4 units at 660 nm, with Pye Unicam single beam SP6-550 spectrophotometer 

against deionised water as a blank. The biomass concentration was expressed in grams of
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biomass per litre of broth by correlating the optical density readings with dry cell weight 

measurements.

2.2 Homogenisation equipment and operation procedure

Three types of high pressure homogenisers were used, namely:

• APV Manton-Gaulin Micron Lab 40

• APV Manton-Gaulin Model Lab 60

• APV Manton-Gaulin Model K3

The Model Lab 60 and Model K3 homogenisers were fitted with a similar valve geometry, 

namely the "cell disruption" (CD) valve unit, see figure 2.1. The Micron Lab 40 

homogeniser was fitted with its own standard disruption valve, see figure 2.2.

All homogenisations were carried out on batch mode rather than on a recycle basis. This 

enabled data at discrete passes to be obtained for modelling of the operation. The 

homogenisers and their operation are described in detail in the following sub-sections.
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V alve geom etry d esign

Figure 2.1 Cell Disruption (CD) valve

Impact Ring

Valvb Rod

Orifice
Central

Valve Seat

Figure 2.2 Standard Lab40 (SV) valve

Valve Rod

\  Impact Ring

Valve Seat
Central
Orifice
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2.2.1 APV Manton-Gaulin Micron Lab 40

The Manton-Gaulin Mcron Lab 40 homogeniser is a batch device for high pressure 

homogenisation of small sample volumes (40-70 mL). The operating pressure range is from 

100 to 1600 barg. The Micron Lab 40 consists of a high pressure unit with single hydraulic 

drive. The operating stroke of the single piston is 5 seconds. The total time required for 

processing one sample is 25 seconds. Figure 2.3 shows a cross-sectional diagram of the 

Micron Lab 40 homogeniser, this diagram will be used to explain its operation.

To provide adequate cooling of the cell suspension two cooling coils around items 1 and 2 

were used as shown in figure 2.3. The cooling coils are supplied with a flow of 70% v/v 

aqueous solution of glycol at -5 °C to act as the coolant.

Operating procedure

1) With all the "O" rings in place, the product cvlinder (item 1) was installed on to the 

working piston (item 3) which has already been placed in its lower position. The product 

cvlinder was then filled up to the brim (using approximately 40 mL sample of cell 

suspension). Next the valve housing including cover (items 2 and 4) were assembled 

making sure that all parts were centred and in position.

2) The required operating pressures was set to a range 100 to 1600 barg by means of 

potentiometer - the set pressure appeared on the digital display.

3) To begin the homogenisation step, the automatic start-up button was depressed. The 

process proceeded automatically without any further manipulations from the user.

The complete sequence of operations consists of the following processes:

a) Clamping of the unit

b) Working stroke

c) Piston (item 3) moves back into position
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4) Once the working process had been completed the valve housing and cover could be 

removed and the homogenate poured out. This was the first pass through the homogeniser. 

The procedure was repeated to obtain further passes.

At the end of disruption the valve housing (item 2) and the product cylinder (item 1) were 

rinsed with deionised water. In order to ensure that all particles are removed, two wash 

passes through the homogeniser were required. Care was taken during the drying of the 

assembly, as all materials used must be particle fi'ee. Use of tissues to dry the homogeniser 

tended to cause blockage of the particle sizing device used in subsequent particle size 

analysis (see section 2.3). The device was therefore just drained of water.
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Figure 2.3 Diagram showing parts o f  the Manton Gauiin Micron Lab 40 homogeniser 

in contact with the product

1 Product Cylinder 10 Back-Up-Ring
2 Valve Housing 11 0-R ing
3 Piston 13 Cylinder
4 Cover 14 Valve Guide
5 0 -  ring 15 Homogeniser Valve/Rod
6 Gasket 16 Impact Ring
7 0-Ring 17 Valve Seat
8 0-Ring
9 Back-Up-Ring
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2.2.2 APV Manton-Gaulin Model Lab 60 Homogeniser

The Lab 60 is a pilot-scale homogeniser and has a double piston positive displacement 

pump incorporating a single, adjustable, restrictive discharge valve assembly. The 

homogeniser was operated at pressures within a pressure range of 0 to 500 barg. The 

maximum operational pressure is 650 barg and the feed flowrate capacity is fixed at 60 L/h.

The homogenate was cooled immediately after disruption, this was achieved by the exit 

homogenate line being coupled to an APV Junior plate heat exchanger (APV Baker, 

Crawley, Sussex, UK). A 70 % v/v aqueous solution of ethylene glycol at -5 °C was used as 

coolant. The flow of coolant was regulated by a manual valve to ensure that the 

homogenate temperature was maintained at around 4-5 °C. The inlet and outlet fluid 

temperatures were monitored by platinum resistance probes (model 3745 PT 100, Digitron 

Instrumentation Ltd., Hertford, Hertfordshire, UK) connected to a Digitron multi-selector 

unit.

The homogeniser was equipped with three process fluid holding vessels each with a 

working volume of 5 litres. The pipework was of stainless steel with stainless steel three- 

way bail valves. The operating pressure of homogenisation was indicated by a gauge 

mounted on top of the cylinder block.

Operating procedure.

1) The operating pressure was set at zero pressure (gauge), and the lubrication water was 

set to flow steadily through the piston chamber. Pipe valves were arranged so that the feed 

was recycled back into the feed vessel. Deionised water was charged into the feed vessel.

2) The pump was switched on to recycle deionised water, and the exit fluid cooled to about 

4 °C by adjusting the coolant valves to the block and heat exchanger. When the required 

operation temperature had been reached, the hand-wheel regulating the homogeniser 

operating pressure was slowly rotated to give the required stable operating pressure.
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3) The contents of the feed vessel were discharged into the waste line. Once the feed vessel 

was almost empty the cell suspension was quickly pored in to ensuring good mixing. After 

an appropriate time had elapsed for the water to be removed from the pipework 

(approximately 60 seconds), the ball valve was switched so that the suspension is then 

collected in the empty collection vessel. This was the first pass to be collected. A sample of 

the homogenate (approx. 10 mL) was collected after about half the feed volume had been 

homogenised. The sample material was taken for analysis (see section 2.3).

4) After the first pass was almost complete (i.e. the feed vessel was almost empty) the 

valves were switched so that the suspension was directed from the collection vessel into the 

feed vessel. That was noted as the beginning of the second pass. After allowing for the 

hold-up volume to be flushed through the high pressure block the second pass homogenate 

was switched to be collected into the other empty collection vessel. A sample was again 

taken as described above. The procedure was repeated until the required number of passes 

had been achieved. After the final pass was completed cleaning water had been added to the 

feed vessel and the system washed out, directing fluid flow to the waste stream. The 

pressure was again reduced to zero and the pump and lubricating water switched off.

2.2.3 APV Manton-Gaulin Model K3

The K3 homogeniser is a small industrial-scale homogeniser and consists of a single piston 

positive displacement pump, incorporating a single adjustable, restricted orifice discharge 

valve assembly. The capacity of the homogeniser is 280 Lh'  ̂ within a nominal pressure 

range of up to 500 barg. The homogeniser was coupled with an APV Junior plate heat 

exchanger (APV Baker, Crawley, West Sussex, UK) to cool the homogenate stream. A 

70% v/v aqueous solution of ethylene glycol at 5”C was used as coolant. The flow was 

controlled by means of a manual valve. Inlet and outlet temperatures were monitored using 

platinum resistance probes (model 3745 PT 100, Digitron Instrumentation Ltd, Hertford, 

Herts., UK) connected to a Digitron multi selector unit and temperature was maintained at 

4-5 T .
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Operating Procedure

Homogenisation was performed on a discrete pass basis. As for the Model Lab 60 the hold

up volume was found. After pass 1 the system was purged with cell suspension for the 

holding-time before collection began of the homogenate recycling back into the collection 

tank. The procedure was repeated as for the Lab 60 for the required number of passes.

2.3 Analytical techniques

The following sections give detailed outline of the assay techniques used:

(all assays were performed in triplicates)

2.3.1 Protein Assay

The protein assay used was the Bio-Rad protein assay. The assay is based on the shift in 

absorbance from 465 to 595 nm which occurs when Coomassie Blue G-250 binds to 

proteins in an acidic solution. Bio-Rad Protein Assay is based on the Bradford method 

(Bradford, 1976). All protein readings were corrected for solids content (see section 2.3.3).

Standard Assav Procedure

Several dilutions of Bovine serum albumin (BSA) protein (fatty acid free, Sigma Chemicals 

Co, Poole, Dorset) standards (0.2 - 1.4 mg/ mL) were prepared. A standard curve was set 

up each time the assay was performed. The assay was performed at room temperature.

0.1 mL of protein standards and a "blank" (i.e. sample buffer) were placed in clean, dry 

disposable 4.5 mL cuvettes. 3 mL of dilute dye reagent was added to each cuvette (dye 

reagent concentrate was diluted five times that of original concentration). The contents 

were mixed well by gentle inversion of the cuvette avoiding excess foaming. After a period 

of 15-20 minutes the absorbance at 595 nm versus reagent blank was measured and the 595 

nm absorbance reading versus concentration of the standards plotted. The unknown protein 

concentration of the samples was read from the standard curve. The highest level of 

variability with a standard deviation of 6% of the mean value was found.

98



2.3.2 Enzyme Assay

The assay was according to Bergmeyer et al (1983). The alcohol dehydrogenase activity 

assay mix was prepared using the compounds listed in table 2.3 combination of ingredients 

made up to 500 mL using deionised water.

To determine ADH activity 3.0 mL of the assay mixture was taken and added to 0.05 mL 

of diluted homogenate supernatant solution. The reaction was immediately monitored at 

340 nm using a spectrophotometer (Beckman DU 64, Beckman, High Wycombe, UK).

The highest level of variability with a standard deviation of 6% of the mean value was 

found.

Table 2.3 ADH assay compounds

Compound Amount

Ethanol 17.5 mL

Tris buffer 2818.00 mg

NAD^ 597.06 mg

Glutathione 153.65 mg

Semicarbizide 345.65 mg

ADH assays were only used to ensure that the protein released during high pressure 

homogenisation was intracellular and not cell wall protein.

2.3.3 Solids Correction Factor

The solids content of the homogenate varied depending upon the degree of disruption the 

suspension had been subjected to. It was necessary to compensate for the change in solids 

content of the sample. The method used in this study was based on the procedure followed 

by Hetherington et al {\91\). In this study an empirical model was defined based on work 

by Hetherington et al {\91\) 'm order to simulate the value of F, the solids correction factor, 

for varying initial yeast concentrations, Cj.
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From experimental data published in Hetherington et. al. (1971) it was observed that, F, the 

solids correction factor was a function of the initial yeast concentration ( C i )  and also the 

degree that homogenisation is used. Thus,

F  = f(C i,N ,P ) (2.1)

where C, is the initial yeast concentration (g/L); N is the number of passes through the 

homogeniser and P is the operating pressure of the homogeniser. From Hetherington's 1st 

order protein release model, the above equation can be simplified to:

F  = f(C i,C ) (2.2)

Where Cs is the protein concentration of the supernatant (mg/mL). Hetherington (1971) 

plotted F against Cs for varying Q. Based on these results a plot of F against Q was 

obtained for varying Cs; a linear relationship between F and Q was observed. A linear model 

of the form:

F = -a*x+l (2.3)

was applied to these plots. The slopes, a, where then plotted against corresponding Cs 

values to give an exponential curve of the form:

a = 0.5(l+exp(-Cs/15) (2.4)

Hence, if relationship found in equation was substituted back into equation the final 

empirical model is shown in equation.

F = (-Ci/2(l+exp(-Cs/15))+l (2.5)

Ci for a particular set of experiments will be a constant. Using equation 2.5 it is now 

possible to simulate values for F give Cs It was found that there was on average a ±4% 

difference between the experimental and simulated data.
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2.3.4 Electrical Sensing Zone Measurement (ESZ)

Whole yeast cells and homogenate particle size distributions were measured using the 

Electrical Sensing Zone (ESZ). In the electrical sensing zone measurement (ESZ), particles 

suspended in an electrolyte are caused to flow through a small orifice in a non-conductive 

material, along with an electric current. Particles traverse the orifice essentially singly, 

causing electrical pulses at rates fi’om a few thousand to a few hundred per second or lower, 

depending upon the flow velocity, orifice size and particle concentration. The amplitude of 

each pulse is directly proportional to the volume of the particle as sensed by its "electrical 

envelope" displacement within the sensing orifice. When diameter is the expressed 

dimension for ESZ size, it therefore compounds to an diameter of the equivalent sphere.

Equipment Description

The instrument was an ELZONE model 280 PC (Particle Data Ltd., Cheltenham, Gloucs., 

U.K.) linked a data acquisition system. Figure 2.4 shows the layout of the computerised 

ELZONE system.

The analyser was fitted with a 30 um orifice tube and calibrated using latex standards of 

sizes 2.02 mm, 5.00 mm and 10.18 mm to give a 128 size ranges between 1-17 mm. The 

ESZ measurement technique used was not sensitive below 1.0 mm. The size range obtained 

is discussed in more detail in section 3.1. A smaller 18 mm orifice tube was initially used to 

give smaller channel sizes, however, blockage became a time consuming problem.

The filtered electrolyte used for suspending and diluting the particles was 0. IM KH2PO4 

and 0.15M NaCl, at pH 6.5. The electrolyte was filtered twice and then degassed, using 0.1 

mm cellulose nitrate filters (Whatman, Maidstone, U.K.) and a vacuum filter apparatus 

(Millipore, Watford, U.K.). Coincidence counts were reduced to <1% by using adequate 

dilutions of particle sample. All PSDs were corrected for electrolyte background noise. The 

PSDs were also corrected for any particles that had not originated from the whole yeast 

cells. In all the experiments three replicate counts were made to ensure consistency of 

results. The PSD data were stored as ASCII files and imported into EXCEL v3.1 for
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fiirther statistical analysis. The highest level of variability with a standard deviation of 4% of 

the mean value was found.

2.3.5 Computational Analysis

All computational work was carried out on an IBM PS/2 Model 70 (IBM, Basingstoke, 

UK). Simulation and modelling work was validated using the MicroSoft EXCEL version

5.0 (Microsoft Corporation, One Microsoft Way, Redmond, WA 98052-6399), MicroCal 

Origin V 3.5 (Northampton, MA 01060 USA) and BBN RSl/RS Explore (BBN, London, 

UK).

2.4 Optical Microscopy

Cell debris and undisrupted yeast cells were viewed using an optical light microscope. Yeast 

homogenate samples (of which some were stained with Methylene Blue dye ) were viewed 

under the Olympus BH-2 optical microscope (Olympus Optical CO. (UK) Ltd, London, 

UK) using oil immersion magnification to confirm that disruption had been successful. The 

most useful magnification was at lOOOx (phase/oil immersion).

Daily fermenter samples were examined (using the above microscope) to determine the 

culture purity and viability. The most useful magnifications were at 400x (phase contrast) 

and at lOOOx (phase/oil immersion).
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3 Modelling Changes In Homogenate Particle Size Distributions

Occurring During High Pressure Homogenisation of Packed Baker's 

Yeast

3.1 Summary

Experimental data are presented to describe the changes in homogenate particle size 

distribution (PSD) occurring during high pressure homogenisation of commercially available 

packed baker's yeast. Preliminary studies showed that changes in particle size distributions 

(PSDs) were a function of homogeniser operating pressure and the number of passes.

Several distribution functions were investigated to describe the total PSD (on a volume 

basis). It was found that a simple function to describe the whole cell and homogenate PSD 

was a Boltzman function (section 3.5). Based on the Boltzman function, rate equations were 

developed to predict changes in cumulative homogenate PSD (volume basis) for varying 

operating pressures and number of passes (section 3.6). This approach formed the basis for 

simulations predicting changes occurring in PSDs during homogenisation. The chapter 

concludes by showing the good degree of agreement between the developed models and 

experimental data (section 3.7).

3.2 Introduction

Yeast Saccharomyces cerevisiae was used as the bio-system for the study of homogenisation 

and its interaction with other upstream and downstream processes. The advantages of using a 

yeast system have been discussed in section 2.1

To simulate and quantify the effect of homogenisation conditions it is essential that 

homogenate characteristics such as homogenate particle size distribution (PSD), viscosity, 

and density are known or can be predicted. At present no models exist which describe the 

effect of homogenisation conditions on these homogenate parameters. In the study of these 

fluid parameters a number of research workers (Mosqueira et a l, (1981); Keshavarz 1990);
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Brookman (1977) and Middleberg (1993)) have presented limited data describing changes 

that occur during homogenisation. Modelling of the subsequent cell debris generation has not 

been comprehensively attempted. The following section describes changes in homogenate 

PSD as a function of the homogeniser operating conditions. Sections 3.5 and 3.6 describe the 

modelling approach taken to simulate these changes.

3.3 Characterisation of Homogenate Particle Size Distribution

Before discussing the experimental results obtained for high pressure homogenisation of 

packed baker's yeast it is necessary to describe the advantages and disadvantages of the 

particle sizing method used in this thesis, i.e. the electrical sensing zone (ESZ) method which 

involves using the ELZONE particle sizer (see section 2.3.4).

Ward (1989) compared several techniques for yeast sizing, and concluded that for cell 

diameter sizing light diffraction, photo-sedimentation and ESZ methods gave similar results. 

However, cells sized using the Image Analysis technique recorded cell sizes that were «25% 

greater than the other techniques used. Ward (1989) attributed the difference to difficulties in 

defining the cell diameter of the processed image fi"om the Image Analyser because of the 

lack of facilities available. These observations do suggest that models and constants 

developed using data fi"om one technique should be applicable to data obtained fi-om other 

measuring techniques. Based on past experience, the ESZ method was selected as the method 

to measure changes in homogenate particle size, the advantages and disadvantageous of using 

this method are given in the next few paragraphs.

The ESZ method was selected as it provides a fast, simple to use, and reproducible method 

for cell sizing. The narrow sizing bands and the 128 size classes (channels) enables ESZ based 

analysis to identify subtle changes in cell size distributions. Also, as in the course of this 

research a large number of samples («75) needed to be processed in a few hours, the ESZ 

method provided the best solution to this problem. A sample measured using ESZ takes less 

than two minutes to process, while for example photo-sedimentation or haemocytometer- 

based techniques samples would take approximately 20 minutes to process.
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The main disadvantage of using the ESZ method is that particles substantially below 1 |im are 

not accurately detected and sized. Thus, the contribution of sub-micron cell debris to the final 

size distribution tends to be underestimated. This may not be so significant for volume 

distributions as the lower diameter sizes make little difference to the total PSD if larger 

particles (over 1 |Lun) are present. This is because a volume distribution is naturally biased 

towards larger particles. Unless otherwise stated, particle size data in this thesis has been 

presented as volume distributions as the data can later be used to compare sedimentation 

properties of cell debris where the volume of particles sedimentation is of interest.

A further disadvantage of the ESZ method is that data are recorded as a series of fi*equency 

histograms of unequal width, of which only the histogram class mid-point is given and not the 

class range. However, the class width increases geometrically with size ensuring smaller 

particles are measured with a higher resolution, as there are more size classes available at the 

smaller size range and this increases the sensitivity of the device to smaller i.e. ’fine’ particles.

For the purpose of modelling the homogenate PSD data it was important to represent data 

using equal class widths. The ELZONE data was hence transformed (linearized) into an equal 

class width scale. The data could then be plotted simply on a volume or number basis instead 

of a volume/class width or number/class width basis. Linearizing the data reduced the number 

of points fi’om 128 to 38, by virtue of lumping the smaller size classes into a fewer number of 

size classes. This also had the effect of making the distribution less smooth.

Figure 3.1 shows raw ELZONE data fi'om the particle sizer and the subsequently linearized 

data. As discussed earlier it can be seen that the linearized PSD distribution has apparently 

changed in shape and that the distribution has fewer points and is less smooth. Figure 3.2 

shows that on a cumulative basis, however, the data whether it is based on an ELZONE scale 

or on a linearized scale gives exactly the same curve. This is because the total number/volume 

of particles has not changed. Changes in the cumulative-fi*equency PSDs, rather than changes
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in frequency PSDs, were therefore modelled in order to avoid magnification of artefacts 

generated by data manipulation.

The PSDs measured using the ELZONE were also converted into relative-frequency 

distributions. Relative-frequency distributions allow PSDs originating from different initial 

particle concentrations to be compared. The following equation 3.1 was used to obtain the 

relative volume (or relative number) of particles in each size class:

(Fa). = ^  (3.1»
d /to ta l

where, Fa is the volume (or number) of particles in the class width which has the mid-point 

value of d; d (|im) is the particle diameter; (Fa)totai is the total volume (or number) of particles 

measured and; (Fd)rci is the relative volume (or number) of particles in class width which has 

the mid-point value of d. The sum of the relative volume (or numbers) of all classes of 

particles is clearly 1, or 100%.
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Comparison between the ELZONE data and linearized ELZONE data. 
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PSD data. (The data are for packed baker's yeast homogenised at 500 barg)
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Homogenate PSD  sizing results

Initially, 45% w/v packed yeast was homogenised at various operating pressures (100-500 

barg) and number of passes (1-10) using the Manton-Gaulin Lab 60 homogeniser (see section 

2.2). As expected, the protein release was found to follow the classical Hetherington's first- 

order equation (see equation 3.2). Similar to the study of packed baker's yeast carried out by 

Hetherington et al (1971), the pressure exponent was found to be 2.9 and the rate constant 

kp was approximately 8.05 x 10'̂  barg'^^pass'\ The value for kp quoted in Hetherington et al 

(1971) was 3.5 X 10'̂  barg'^^pass’̂  The difference in values is because in their evaluation of 

the model parameters they used equation 3.3 rather than equation 3.2 i.e. the basis of the 

logarithms was different.

log. R r

R m a x " R

ko - N . p ' (3.2)

log10
R r

R m a x ” R

(3.3)

where, Rmax is the maximum releasable soluble protein (mg/g yeast); R is the soluble protein 

released (mg/g yeast); a is the exponent of operating pressure; P is the operating pressure 

(barg); N is the number of passes (-); kp and k'p are the protein release rate constant (barg'**).

Five passes through the homogeniser at 500 barg was found to release 95% of the available 

protein. The protein release data were subject to ± 5.3% experimental error during protein 

analysis (section 2.3.1).

Whole cell and homogenate PSDs were obtained using the ELZONE. The average error of 

the mean volume (or number) of particles at each size class was found to be ± 8% fi'om the 

mean. However, on the relative volume (or number) basis the fi'action of particles at each size 

class had an average error of ± 2% fi'om the mean.
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Figure 3.3 shows whole cell and cell debris sizes on a relative number basis. From this figure, 

it can be seen that the packed baker's yeast whole cell (i.e N=0) size lies between the range of

2.5-6.0 |im. The whole cell distribution appears to be bimodal suggesting that there are two 

whole cell populations present: a single cell population and, a budding cell (two cells attached 

together) population. From figure 3.3, it would seem that there are more budding cells then 

single yeast cells. However, optical microscope observations of packed baker's yeast cells 

showed that there were more single cells than budding yeast cells, and hence the bimodal 

distribution may be due to the smaller population being of daughter cells and the larger 

population of single mother cells and budding cells. Further work is required, using a 

haemocytometer or an Image Analysis based technique, to quantify the percentage of 

budding, single daughter and single mother cells. This is beyond the scope of this thesis. 

However, some basic microscopy studies of yeast homogenate revealed that the homogenate 

PSD comprised of three types of particles: whole cells, ghost cells (i.e cells that had lost their 

intracellular content) and cell wall debris. The proportion of each depending upon the 

operating pressure and number of passes used. A more direct counting approach using a 

microscope would be required to deconvolute the homogenate PSD into separate 

distributions of whole cells, ghost cells and cell wall debris. As this study was concerned with 

the modelling of changes in the total PSDs an investigation into the contribution of the 

separate distributions to the fiinal PSD was not carried out.

Figure 3.3 also shows homogenate PSDs obtained for varying number of passes at an 

operating pressure set at 500 barg. This figure shows that as the number of passes through 

the homogeniser increases the PSD shifts to smaller sizes through a series of bimodal 

distributions until it reaches a unimodal PSD distribution at the fifth pass. The modal value of 

the final distribution after ten passes at 500 barg was approximately 1.8|Lim.

Figure 3.4 shows PSDs of homogenate obtained at a lower operating pressure of 300 barg. 

The figure shows that homogenate PSDs follow a less prominent shift towards the smaller 

sizes with increasing number of passes, and at about the fifth pass there is still a significant 

fi'action of whole yeast cells remaining. This is expected as the protein release data shows that 

approximately 60% of the whole cells have been disrupted. These results indicate that
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changes in PSD may be related to protein release. The following relationship needed to be 

investigated;

ds = f(R) = f(N,P) (3.4)

where, ds is a statistical description of the PSD e.g. mean diameter, mode diameter etc., (|im). 

R is the amount of protein released (mg/g yeast), N is the number of passes through the 

homogeniser and P is the homogeniser operating pressure (barg).

Changes in PSDs monitored using cumulative volume distribution curves are shown in figures

3.5-3.9, for operating pressures varying fi'om 100-500 barg. From these figures it can be seen 

that, for a given pressure, as the number of passes through the homogenisation increased so 

the cumulative PSD shifted to smaller sizes. The figures also show that for a fixed number of 

passes through the homogeniser the increase in pressure moved the cumulative PSDs to 

smaller sizes.

All the figures relating to cumulative PSDs show that for increasing number of passes and 

operating pressure through the homogeniser the cumulative percentile value (([)) for a 

particular size channel shifts towards the smaller sizes. Hence, the relationship given in 

equation 3.4 can be rewritten to give the following relationship:

Ad^ = f(N, P) (3.5)

where, (|) is a percentile value of an undersize cumulative plot; d* (|im) is a particle diameter 

below which (|) fi'action (or percent) of particles of the total PSD lie; N is the number of 

passes through the homogeniser and P (barg) is the operating pressure of the homogeniser. 

The development of equation 3.5 for simulating changes in total whole cell and homogenate 

PSD with varying homogenisation conditions is further investigated in section 3.6.
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3.4 Modelling of Homogenate Particle size Distributions

Having obtained experimental data which followed PSD changes during homogenisation it 

was necessary to develop a simple model to describe the observed changes in PSD. The main 

aim of this section is therefore to present a suitable model that would subsequently be used to 

simulate changes in homogenate PSD for given homogenisation operating conditions. The 

effect of using different scale homogenisers on the model parameters will be discussed in 

section 4.2. The effect of changing initial cell concentration on the model parameters will be 

discussed in section 4.3. The extrapolation of the model to cover freshly fermented yeast at a 

range of fermentation conditions will be detailed in Chapter 5.

Experimental homogenate PSDs obtained using 45% w/v packed baker’s yeast, homogenised 

at varying number of passes and operating pressures using the Manton-Gaulin Lab 60 

homogeniser (section 2.2 and 2.3.1) were used as the basis of the study. Total and cumulative 

PSDs are expressed on a volume basis, unless otherwise stated.

3.4.1 Debris Formation Process

The following points need to be taken into account before attempting to model changes in 

homogenate PSD:

1. Conservation of mass: The cell constitutes at least 75% water. On breakage

the cell volume is not conserved, i.e. the volume of cell wall debris generated 

is not equal to the original volume of whole cells. This makes a population 

balance approach rather complex.

2. There is a minimum cell debris particle size, below this size the cell wall

becomes soluble.

3. There is some specific probability that a particle is broken.
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4. There may be a minimum cell debris size below which the disruption forces 

generated inside the homogeniser are unable to break the cell debris into 

further fragments.

A wide variety of disintegration (size-reduction) processes involve hi- or multi-modal particle 

size distributions. Examples of multi-modal size distributions, especially bimodal distributions, 

are those describing systems or processes involving powders, emulsions and aerosols of 

foods, plastics and minerals. The data in these cases has most often been represented in the 

form of a series of (or a single) frequency distributions. Many of the conventional 

disintegration theories are based on the mean size being the principle variable. Others only 

account for the disappearance rate of the original fraction, or the formation rate of a selected 

fraction, and therefore do not explicitly account for the possibility that the size distribution 

becomes bi- or multi-modal (Popplewell et al (1989))

Size reduction of particulates is mainly governed by two mechanisms, as shown in figure 3.10

Shattering 

• Surface erosion

Shattering is characterised by the formation of daughter particles with sizes about 2-10 times 

smaller than that of the original particles. If shattering is the dominant mechanism then a rapid 

lowering of the particle population mean size and an increase in its spread results.

Surface erosion mainly produces smaller particles, and consequently the rate of change from 

the original mean population size is relatively slow. The main evidence of the existence of this 

mechanism, therefore is the appearance of a fines fraction which makes the overall size 

distribution bimodal and where each constituent modal distribution has a comparatively 

separate and narrow spread. Typical bimodal distributions, for these mechanisms, are shown 

in figure 3.11 (Popplewell et ai (1989)).

Dominance of either mechanism is determined by the particles' properties and the physical 

features of the size reduction apparatus. Only rarely can one expect that one mechanism will
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absolutely dominate the process, and in most cases both make their contribution, as is evident 

in the formation of many bimodal size distributions, where the constituent modal distributions 

overlap and their spread increases, upon breakage (Malave-Lopez et al, 1986), see figure 

3.11. Furthermore, the relative contribution of the two mechanisms can change as the 

comminution process progresses, bringing about a continuous change in the shape of the size 

distribution. These features make the development and verification of a simple model for 

describing a comminution process difficult.
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Figure 3.10 Schematic view of the two principle mechanisms of  

particle disintegration
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Homogenate debris formation

As reported in section 3.3 the observation of yeast homogenate under the optical microscope 

suggests that two types of breakage occur during yeast cell disintegration; cell wall rupture 

and; cell wall comminution into smaller fragments (this will be referred to as cell wall 

fragmentation). Cell wall rupture produces ghost yeast cells, i.e. cells where the cell wall 

appears intact but the cytoplasm has leaked out. The size of these ghost cells would be 

approximately the same as that of unbroken yeast cells. Cell wall debris fragmentation on the 

other hand produces cell debris particles that are less than half the size of the original cell. Cell 

wall rupture can be thought as being analogous to surface erosion (but without the formation 

of fragmented particles) and cell wall fragmentation can be compared to the particle 

shattering process described earlier.

The precise characterisation of a homogenate PSD in terms of estimating the proportion of 

whole cells, ghost cells and cell wall debris material is a difficult task. For homogenate PSDs 

viewed on a number basis it is difficult to quantify accurately the number of whole cells and 

the number of ruptured (ghost) cells comprising the total number of particles in a given class. 

As mentioned earlier, a more direct counting approach using a microscope would be 

required. Using such an approach, Brookman (1975) stated that the percentage of ghost cells 

to remaining whole cells (at a given homogenisation pressure) is constant for each pass, but 

did not report what this percentage was.

3.5 Fitting Distribution Functions to Describe Homogenate Particle Size

Distributions

Historically, workers have found it useful to apply a general size distribution function to 

experimentally measured particle data, as the use of a common function enables extrapolation 

across process conditions and the prediction of PSD properties over a wide range of 

situations. One problem of such an approach is that a range of size distribution functions can 

be used to fit the same set of measured data. What was required in this study was a simple but 

effective function to model the data.
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The most commonly used distribution functions for particle characterisation are the log

normal, Rosin-Rammler distributions and the normal distribution (Allen, 1981). Some 

properties of these functions are summarised below:

(1) They all have an infinite size range

(2) The log-Gaussian and the Rossin-Rammler functions are always skewed to

larger sizes and have dependent mode and spread.

(3) The Gaussian distribution has independent mode and spread, it is also

symmetric around the mean.

Point (2) implies that any process that affects the mode must affect the spread in a 

predetermined way and vice-versa (Allen, 1981). Experimental data showed that whole yeast 

cells and yeast cell debris PSDs to be bimodal and appear to be symmetrical around each 

mode, see figure 3.12.

Bimodal-Gaussian distributions were fitted to experimental homogenate PSD data using 

equation 3.6. The bimodal Gaussian function is given by:

fo(d) = ai exp (ri -C l)'

2 a r
+ a2

02yfln
exp (d-C2)'

'^02
(3.6)

where, fo(d) is the relative volume of particle size d; d is the particle diameter; a% is the area 

under the first mode; a: is the area under the second mode; Ci is the mean diameter of the 

population under the first mode of the distribution; C2  is the mean diameter of the population 

under the second mode of the distribution; Oi is the standard deviation of the population 

under the first mode of the distribution; 0 2  is the standard deviation of the population under 

the second mode of the distribution.

Though the bimodal-Gaussian distribution gave a good fit to the experimental homogenate 

PSD data (see example in figure 3.12a) it was not a convenient basis to form a more 

predictive model, as the six parameters shown in equation 3.6 were difScult to correlate as
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function of operating pressure and number of passes, see figure 3.12b. A simpler function that 

predicted the relative cumulative distribution was therefore needed.

3.5.1 Boltzman Distribution Function

A simple model to predict changes in homogenate cell debris cumulative size distributions 

would enable easy transfer and extrapolation between systems and conditions. It is thus 

desirable to use a function that requires the least number of parameters to describe the 

homogenate PSDs: Such a distribution function is the Boltzman cumulative distribution 

function which requires two input parameters, the 50% percentile value (i.e. the diameter at 

which 50% by volume of particles are of smaller size, dso, and the width of the distribution, w. 

The expression in its general form is given in equation 3.7:

<t> =  ( 3 . 7 )

where, (j) is the percentile value of the cumulative distribution expressed as the percentage 

fi'action, i.e. (|) is the cumulative relative volume of particles; A1 is the initial value of ([>; A2 is 

the final value of (f); w is the width of the distribution; d is particle diameter (pm); dso is the 

50th percentile value, i.e 50% of the particles lie below this diameter. As the cumulative PSDs 

are expressed on a relative volume basis, A1 and A2 are 0 and 1 respectively. The width, w, 

of the distribution is small for narrow distributions and large for wide distributions. The 

width, w, is related to the standard deviation, a, of a Gaussian distribution linear abscissa 

through the following equation 3.8.

a  = 0 . 5 ( d g 4 - d i 6 )  -  ( d s o " d i e )  ® 1.67w (3.8)

where, (|) is the percentile value of the cumulative distribution, d is the particle diameter and its 

subscript denotes its corresponding percentile value. This allows the cumulative particle size 

distributions to be converted to a Gaussian normal distribution by re-plotting the cumulative
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PSD on a probability graph paper with ^ on the ordinate and d on the abscissa. Empirical 

relationships are also available to find standard deviations for moderately skewed distribution 

(Mannweiller, 1990).

Figures 3.13-3.17 show the Boltzman cumulative function fitted to the experimental data for 

varying number of passes through the homogeniser and operating pressure. From these 

graphs it can be seen that the function closely fits the homogenate PSD data. It must, 

however, be noted that the Boltzman fijnction describes a unimodal function and though on a 

cumulative basis it fits the data well on a number fi-equency PSD basis the fit may not be so 

good. This limitation is considered acceptable given that the purpose of this study is to follow 

the changes in homogenate PSD as they relate to subsequent downstream processing 

operations and in particular centrifugation. Here it is the volume (mass) of material at any 

given size that is paramount.

Parameter sensitivity tests were carried out on the two parameters dgo and w. Figure 3.18 

shows the effect on the total distribution if an initial value of dso is changed by 5%, 10% and 

20%, while the parameter w is kept constant. Similarly, figure 3.19 shows the effect of 

varying the parameter w by 5%, 20% and 40%, while the parameter dso is kept constant. 

From these simulated curves it can be seen that care must be taken to predict these 

parameters accurately since the overall PSD is quite heavily affected by small changes in these 

parameter values and is particularly dependent on d s o .
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3.6 Fitting Rate Equations to Homogenate Particle Size Distributions

Having described the cumulative distribution using the Boltzman function in the previous 

section, it was necessary to model the changes in the two parameters dso and w, with varying 

number of passes and pressure.

Parameter

It is clear that dso is a function of number of passes through the homogeniser (N) and the 

homogeniser operating pressure (P), i.e.

dso = f(N ,P) (3.9)

This is shown in figure 3.20 where plots of dso against number of passes through the 

homogeniser for a given operating pressure indicate that the dso value changes non-linearly 

with homogeniser operating conditions.
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To reflect better the rate of debris formation so that results fi*om varying systems and cell 

cultures could be compared it was necessary to express dso as a dimensionless diameter as 

shown in equation 3.10:

dso - dso, N=0 ~ dso 
dso, N=0

(3.10)

In equation 3.10 as d s o  ^  0 (that is as homogenisation proceeds) then d * so  1.

Previous studies on high pressure homogenisers involving break-up of milk fat droplets 

(Phipps (1971, 1975) and Goulden and Phipps (1964)) found that the influence of 

homogenisation conditions on the mean globule diameter, dm, could be described adequately 

by an equation of the form:

d m  =
P“

(3.11)

where, dm is the volumetric mean diameter, k is a rate constant, P is homogeniser operating 

pressure, and a  is the exponent of P.

Hetherington et al. (1971) measured the release of soluble protein fi'om packed baker's yeast 

cells disrupted in a high pressure homogeniser and proposed a correlating equation as shown 

in equation 3.2. An approach analogous to that used by Hetherington et al. (1971) to 

describe protein release was used to follow the formation of cell debris during 

homogenisation. Using an equation of the form:

log.
l50, N=0

d so , N =0"d50
= log.

(d%.)
= kDi P“ (3.12)
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where, koi (barg'^N'^) is a breakage rate constant, p is the exponent of N, N is the number of 

passes through the homogeniser, a  is the exponent of P and , P is homogeniser operating 

pressure (barg).

Hetherington's model is a first order rate equation with respect to the number of passes 

through the homogeniser. Unlike protein release, changes in homogenate PSD are due not 

only to whole cell breakage but also due to the simultaneous generation of cell debris 

followed by further fi*agmentation of the cell debris with increasing number of passes through 

the homogeniser. Thus it would be likely that the rate equation to predict changes in 

homogenate PSD would not be first order with respect to number of passes. Hence, as dso 

decreases with increasing homogenisation conditions the exponents of N and P will have 

negative values in equation 3.12.

Figure 3.20 shows that at a threshold pressure, P*, of 100 barg, no significant change in cell 

PSDs dso value resulted. To incorporate this phenomenon equation 3.12 was modified to 

equation 3.13:

log.
_ ( d 5 o ) _

=  k D  • nP- Ap“ (3.13)

where, AP=P-Pu, (barg), and ko (barg"® N" )̂ is a breakage rate constant,

A plot of loge(l/d*so)/N was plotted against AP, this plot is shown in figure 3.21. As 

expected, the series of parallel lines in this figure show that the process of cell debris 

formation is not first-order with respect to number of passes through the homogeniser. In 

order to find the exponent of N an iterative calculation process was performed; the iteration 

process is summarised in figure 3.22.

The exponent of N, i.e. p ,  was found to be -0.4, with a final linear regression coefiBcient equal 

to 0.95. The exponent p  is the same whether the data are plotted against P or AP. First, a plot 

of loge(l/d 5o)/N^‘* was plotted against AP secondly, the exponent of pressure, a, and the rate
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constant, ko, were found by minimising the average estimated error for the homogeniser 

operating conditions that ensured that at least fifty percent of the whole cells were disrupted. 

Linear regression was not used to find a  and ko as linear regression tries to find the best 

estimate for the lower pressures as well as the higher pressures, these operating condition 

would not be of interest as at these operating conditions product yield would be less than 

50%. Since in reality the expected efficiency of protein release using a high pressure 

homogeniser would be greater than 50%, it is better to reduce the estimation error on the 

range of homogeniser operating conditions that yield at least more than 50% of the product. 

The average estimation error (Sc) was calculated using equation 3.14.

8c = (3.14)

where, d s o  abs is the experimental d s o  value and d s o  est is the simulated d s o  value using equation 

3.13 and n is the sample number.

The mean estimation error was found to be 0.080. The exponent of pressure, a, was found to 

be -1, the rate constant, ko, was found to be 670 barg' pass®''. Figure 3.23 shows the parity 

plots of simulated d s o  against experimental d s o  for values obtained using equations 3.13, The 

parity plots confirm the validity of the model for the case of packed baker’s yeast in the range 

0-5 passes and 100-500 barg
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Parameter w

Close examination of the particle size distribution data revealed that for a fixed operating 

pressure, the dso diameter decreased and the variance of the distribution increased as the 

number of passes through the homogeniser increased. This is consistent with the view that the 

process of the whole cell breakage and cell debris formation occur concurrently. However, 

once the majority of the whole cells had been disrupted the changes in the measured size 

distribution were dominated by cell debris fi'agmentation. This resulted in a rapid narrowing 

of the particle size distribution and only a gradual decrease in the dso diameter. These 

observations are shown in figure 3.24 in which the dimensionless distribution width, w*, data 

are plotted against the dimensionless diameter, dso*. The dimensionless distribution width, w*, 

is of the form;

w* = — - (3.15)
W n =0

This data was correlated by two straight lines obtained using linear regression. Thus,

w -  -2.3 dso dso *^0.33 (3.16a)

and

w -  5.5d5o"2.4 dL ^ 0.33 (3.16b)

For packed baker's yeast (i.e N=0) the value for w* was found to be 0.315. Figure 3.25 shows 

the parity plot obtained between the simulated "w" and experimentally obtained "w" values. 

The plot shows that the linear model above gives a good prediction of the width (w) of the 

distribution.

140



0.2

o ' h

Equation 3.16a 
Equation 3.16b

\
w

\

- 0.6

- 0.8

\

///////
/ •

\
\

-1
0 0.1 0.2 0.3 0 .4 0 .5

50

Figure 3.24 Relationship between d 5 0  and w . 
Linear regression models were fitted to the data.

141



II
C/J

O  P = 100 bar 

P=200 bar 
A  P=300 bar 
□  P=400bar  

P=500 bar

0.4

experimental w

Figure 3.25
Parity plot of simulated w and experimental w .

142



3.7 Model Verification Using Experimental Data

Using the models presented in the previous section the total cumulative particle size 

distributions were simulated for varying homogeniser operating conditions. These simulations 

are shown in figures 3.26-3.28. The simulated cumulative distributions show good agreement 

with the experimental distribution, confirming the modelling approach adopted.

As a summary: the simulations presented in figures 3.26-3.28 were achieved by using the 

following steps.

1) The initial particle size distribution of the whole cells was measured and used to 

determine the dso and the width, w, of the distribution.

2) Equation 3.13 and 3.15 were used to predict the dimensionless d s o ,  d so * , and 

dimensionless distribution width, w*, for fixed homogeniser operating conditions of 

number of passes, N and operating pressure, P.

3) Using the definitions of d so *  and w* of the particle size distribution the absolute value 

of d s o  diameter and distribution width, w, were estimated. These values were used in 

equation 3.7 to predict the total cumulative undersize distribution (volume basis).

4) Procedures 1-3 were repeated for different values of number of passes, N and 

operating pressure, P.

3.8 Conclusions

An experimental technique has been developed using a model of cell breakage for the 

simulation of the total cumulative size distribution of baker's yeast cell homogenate. 

Experimental data showed that breakage was negligible below a threshold pressure of 115 

barg. Beyond this threshold pressure, the particle size distributions were found to be fimctions 

of both the operating pressure and the number of passes through the valve.

The ability to simulate the entire size distribution of the homogenate is a prerequisite for 

predicting the efficiency of subsequent unit operation for cell debris separations that follow
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the disruption step in a bioprocess flowsheet. The technique developed provides a simple, but 

nevertheless adequate prediction of the total cumulative size distribution of the number of the 

particles at the end of the homogenisation process.

The models will now be used in subsequent chapters as follows:

i) in the scale-down study of homogenisers (Chapter 4) and;

ii) to quantify the effect of fermentation conditions on the homogenisation step (Chapter

5).
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4 Scale-down: A Further Study of High Pressure Homogenisers

4.1 Summary

In this chapter, experimental data are presented to describe the effect of changing the 

operating scale of the high pressure homogenisation unit operation. The effect of scale on 

the kinetics of cell disruption of packed baker's yeast in terms of protein release and changes 

in homogenate particle size distributions (PSDs) is examined. The homogenisers tested had 

throughput capacity varying from 28L/h to 280L/h with their corresponding minimum 

working volume ranging from 0.04L to 20L. Results showed that, for the high pressure 

homogenisers studied, cell disruption was independent of scale used. Consequently, both 

protein release and changes in homogenate PSDs occurring during the cell disruption 

process could be simulated using the same model parameters obtained for the APV 

Manton-Gaulin Lab 60 homogeniser in chapter 3.

Experimental data are also presented examining the effect of the initial (feed) cell 

concentration on the cell disruption characteristics of packed baker’s yeast using the APV 

Manton-Gaulin Mcron Lab 40 small-scale high pressure homogeniser. For an initial cell 

concentration range of 1-45% w/v (wet weight /volume) changes in homogenate particle 

size distribution with varying homogeniser operating conditions were independent of initial 

cell concentration. However, it was found that up to 15% more protein release was 

achieved for cells homogenised at an initial cell concentration of 1% w/v as compared to 

cells homogenised at a concentration of 45% w/v.

The effect of using high operating pressures (>800 barg) on the resultant cell debris PSD 

was studied. Although 100% protein release was achieved after one pass through the APV 

Manton-Gaulin Micron Lab 40 high pressure homogeniser at very high pressures the cell 

debris formed was mainly sub-micron in size. The use of such material for the study of 

subsequent down stream processing operations is likely to result in additional interactions 

due to the fine size of the debris compared with conventional homogenate debris.
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Experimental data provides evidence that the cell disruption process is not due to forces 

generated from general turbulence, since both turbulent and laminar flow conditions within 

the high pressure homogeniser gave the same degree of cell disruption. It was diflBcult to 

further elucidate the likely mechanism of high pressure homogenisation due to the large 

number of variables that were not controlled during the experiments such as velocity 

gradients and valve geometry (impact distance and land width).

4.2 Introduction

At the process design stage it is important that design correlations have a sound basis if the 

likelihood of costly errors are to be minimised. This is a motivation for experimental 

verification studies. However, it can be both costly and time consuming to conduct pilot- 

scale experiments since a thorough bioprocess study would require a large matrix of 

experiments. It would be more desirable to obtain similar experimental data using small- 

scale equipment and then scale-up only those processes that appear both economically and 

practically attractive. Listed below are some of the advantages and disadvantages of using 

small-scale bioprocessing equipment instead of pilot (and production) scale equipment.

Kev Advantages:

1) The cost of running small-scale processes in terms of man hours, raw materials and

energy consumption is usually lower;

2) Shorter processing times can be achieved i.e. it is quicker to obtain experimental

data and make process decisions;

3) Smaller working volumes are required and;

4) It is easier to contain potentially hazardous processes under development e.g. using 

a rDNA organism or a toxic material.
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Kev Disadvantages

1) The product may be subject to different processing conditions in the scaled-down 

process such as shorter processing times and method(s) employed for transport of 

product through the various unit operations. For example, large scale processes 

would employ pumps to transport the product while in the scale-down product 

suspensions could be manually carried from one place to another.

2) Many biochemical unit operations are poorly understood and few theoretical models 

are available to describe them. It can thus be difficult to elucidate whether the scale- 

down equipment is a good mimic of the larger scale equipment.

3) The overall efficiency of the scale-down equipment must be quantified not just for 

the final product but also for all the contaminants present. The overall efficiency of 

the scale-down equipment must be the same as that for the larger scale equipment, 

ensuring that the % concentration of contaminants as well as product is the same in 

the scaled-up process. This may be difficult if the assay methods require large 

volumes of material.

4) Use of scale-down equipment may not adequately assess or address the containment 

and environmental issues associated with large-scale processing.

Clearly then scale-down is not a trivial task and the use of simple laboratory techniques for 

such purposes may be very unrealistic. In this thesis just the scale-down of high pressure 

homogenisation is considered.

In a typical bioprocess for the production of an intracellular protein the stage after cell 

harvesting is cell disruption. The most common method for large-scale cell disruption is the 

unit operation of high pressure homogenisation. In this chapter the effect of scaling down 

the high pressure homogeniser throughput capacity is examined.
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This chapter is divided into four main results sections:

1) Section 4.3 looks at the effect of scaling-down the unit operation of high pressure 

homogenisation on the resultant homogenate particle size distribution and the 

kinetics of intracellular protein release. This section also includes a detailed analysis 

of the fluid flow within the high pressure homogeniser.

2) Section 4.4 investigates ways to scale-down the initial fermentation working volume 

required to carry out process feasibility and optimisation studies for the production 

of intracellular bioproducts.

3) Section 4.5 looks at the consequences of using higher operating pressures available 

in some scaled-down homogenisers to reduce the processing time required to obtain 

maximum soluble protein release.

4) Section 4.6 summarises the theoretical implications of the results obtained in section

4.3 and 4.4

4.3 Scale-down: Using Small-Scale High pressure Homogenisers

To date there is no published work regarding the eflfect of the scale of high pressure 

homogenisation on disruption characteristics in terms of the levels or kinetics of soluble 

protein release and the process of cell debris formation. Several research workers have 

investigated the possibility of using small-scale high pressure devices to disrupt cells (Engler, 

1979; Sauer et al, 1988 and Baldwin and Robinson, 1990). However, the devices used 

were not mechanically similar to the industrial-scale high pressure homogenisers commonly 

used in the bioprocessing industry. Therefore, results obtained using these small-scale 

devices must be treated with caution if they are used to predict the performance of 

industrial-scale high pressure homogenisers.

The aim of this study was to compare a small-scale high pressure homogeniser with larger 

pilot-scale and semi-industrial scale homogenisers. The main characteristics of the three 

homogenisers used are listed in table 4.1 : The APV Manton-Gaulin K3 is a semi-industrial 

scale high pressure homogeniser, the APV Manton-Gaulin Lab 60 is a pilot-scale high
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pressure homogeniser and the APV Manton-Gaulin Micron Lab 40 is a small-scale high 

pressure homogeniser (for a detailed description of homogeniser operation see section 2.2). 

High pressure homogenisers used varied in scale in terms of their:

1) Working volume

2) Throughput capacity

T able 4.1: Characteristics of the APV Manton-Gaulin homogenisers used.

model

type

capacity

m

woiidng

volume

operating

pressure

range

(barg)

operation

mode

residence 

time (min)*

K3 280 >201 0-500 batch and 

continuous

5

Lab 60 60 >21 0-500 batch and 

continuous

2

Micron 

Lab 40

28 40 mL 100-1600 batch only 0.4

* Residence time refers to time taken to send the minimum working volume 

through the homogeniser once. The sample time does not include the time taken for 

process fluid to travel through the interconnecting pipe-woik and into the collection vessel.

Each of the devices uses a basic configuration of disruption valve and impact ring as shown 

in figures 4.1 and 4.2. The sketches illustrate that during disruption fluid travels axially, 

radially, through 90 degree bends, expands, is constricted and impinges on a valve rod and 

impact ring (though not in that order). Due to the complex fluid dynamics occurring inside 

the high pressure homogeniser valve unit it is difiBcult to define a single mechanism leading 

to cell disruption. Published research points to the main mechanism of cell disruption to be 

either elongation forces at the valve rod and impact ring (Ayazi-Shamlou et ai, 1995); 

impingement forces at the impact ring (Keshavarz et al, 1990); general impingement on 

valve rod and impact ring (Engler and Robinson., 1981a); forces due to turbulence (Doulah 

et al, 1975) and viscous stresses in the valve gap (Phipps 1971, 1975). These mechanisms 

have been discussed earlier in section 1.2. Since there is no widely accepted theory that
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describes the mechanism of cell disruption it is difficult to determine which geometrical 

parameters need to be changed inside the valve unit to ensure that cell disruption 

characteristics at different process scales remains constant.

Summarising past research, it appears that the cell disruption mechanisms are mainly 

influenced by one or more of the following valve unit dimensions (as detailed in figures 4.1 

and 4.2):

i) land width (La)

ii) impact distance (X)

iii) valve rod dimensions and

iv) valve gap width

and that the main quantifiable fluid characteristics that should remain unchanged between 

different process scales are :

v) power dissipation per unit volume

vi) fluid velocities and

vii) velocity gradients

In the following sections calculations are performed to estimate the value of the seven 

parameters listed above for each homogeniser used in this study.
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4.3.1 Characterisation of Valve Unit Geometry

The APV Manton-Gaulin K3 and Lab 60 high pressure homogenisers were fitted with a CD 

valve unit. A SV valve unit was fitted to the model Micron Lab 40 high pressure 

homogeniser. Dimensions for the CD and SV valve units are given in figures 4.1 and 4.2, 

respectively. The dimensions shown in the figures are summarised in Table 4.2 below:

Table 4.2 Characterisation of valve geometry dimensions for the three APV Manton- 

Gaulin homogenisers, all dimensions shown are in mm.

valve unit 
type

R R. Rh Rr X Ld

SV 2.05 1.65 1.65 2.40 0.40 0.40

CD 4.18 3.85 2.36 4.75 0.70 0.33

During disruption the cell suspension flows through a central orifice in the valve seat with 

radius R h ,  across the "land" ( L d ) ,  equal to the length R - R o ,  where at a given pressure a gap 

width, h, is created between the valve rod and valve seat. Ro is the radius of the central 

orifice immediately before the valve gap. R  is the radius immediately after the exit fi’om the 

valve gap. The fluid then impinges on an impact ring a distance X fi-om the valve rod.

It is not possible to measure directly the gap width, h, which must be estimated fi-om the 

pressure drop. The calculation for gap width is presented in section 4.3 .1.1.

In the two valve units, CD and SV, the valve dimension, Ld, are approximately within 20% 

of each other. The impact distance, X, for the two valve units were approximately within the 

range specified by Keshavarz et al. (1990). Keshavarz et al. (1990) reported that for impact 

distances between the range of 0.50 and 0.70 mm similar protein release was obtained. Both 

the valve units had a flat valve rod surface. Protein release studies carried out by Keshavarz 

(1990) indicated that a higher degree of protein release was obtained if a coned valve rod 

was used.
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4.3.1.1 Valve Gap Width

Past studies have shown that, though gap width varies between homogenisers, 

homogenisers of various capacities gave similar milk-fat disruption results at varying 

operating conditions (Phipps, 1975, Loo and Carleton, 1953). Based on these results to 

scale-down a homogeniser it may not be necessary to keep the valve gap width the same to 

ensure similar disruption characteristics are achieved at different scales.

As mentioned earlier, the valve gap width cannot be measured directly due to its location 

within the unit. A theoretical approach needs to be established to calculate the valve gap 

width. Phipps (1975) put forward an approach in which he elucidated that, as the principle 

energy losses within the valve unit results from the contraction of fluid flow at the entrance 

to the gap, the fliction across the surfaces and the expansion at the outlet, the gap width 

could be calculated if the pressure drop across the valve was known. Two expressions were 

used to describe the sum of energy losses within the valve unit for laminar and turbulent 

flow conditions within the homogeniser (equation 4.1 and 4.2, respectively).

Equations 4.1 and 4.2 are of the form:

total pressure loss (P) = entry zone loss + fliction loss + exit zone loss

Laminar flow

27TR^h
+ 6pv Q

n
In

2Æ h
(4.1)

where, for the laminar flow case h = hL
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Turbulent flow

P = ^
1 Î 7 "

Q 1 i p  vs Q 5 1 1 4 -^
2

1

2 ) i R , h h' _27T_ 2 2 

_Ro5 R5_ _2Æ h_
(4.2)

where, for the turbulent flow case h = hi

and where P is the pressure drop across the valve seat (N/m )̂; Q is the flow rate (m /̂s); v is 

the kinematic viscosity of the fluid (m /̂s); p is the fluid density (kg/m^); Ro is the entry 

radius to the valve gap area; R is the exit radius fi*om the valve gap area (m); hL is the gap 

width found if laminar flow conditions prevail in the valve gap (m) and; hrr is the gap width 

found if turbulent flow conditions prevail in the valve gap (m).

It is thus possible to calculate the gap width ht and hi for a given homogeniser valve 

geometry and operating pressure. For the APV Manton-Gaulin Lab 60 and Micron Lab 40 

homogenisers the flow in the valve gap area was found to be laminar and the flow in the 

APV Manton-Gaulin K3 homogeniser was found to be turbulent (see section 4.3.2.1 for 

further detail of calculations). Thus the gap width, ht was calculated for the APV Manton- 

Gaulin Lab 60 and Micron Lab 40 and hj was calculated for APV Manton-Gaulin K3.

Figure 4.3 a and b shows changes in gap width as a function of operating pressure for the 

three homogenisers used. Figure 4.3a is based the gap width hr being calculated for each 

homogeniser. In figure 4.3b the gap width (ht) for the two smaller scale homogenisers (i.e. 

the Lab 60 and Lab 40) is calculated. In figures 4.3a and 4.3b, it can be seen that, at an 

operating pressure of 500 barg, gap width for the APV Manton-Gaulin K3 is at least three 

fold larger than for the two smaller capacity machines and the gap width for the APV 

Manton-Gaulin Micron Lab 40 and the APV Manton-Gaulin Lab 60 are essentially equal.

The above equations provide a basis for relating the valve unit geometry to the valve zone 

flow characteristics. For a particular homogeniser valve configuration and flowrate, 

decreasing the gap width (and hence increasing the operating pressure) results in a higher 

degree of cell disruption. To ensure that the degree of cell disruption remains the same on
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changing the flowrate it is necessary to change valve geometry parameters R and Ro 

provided that the type of flow (laminar or turbulent) is conserved.

When comparing valve geometries it is important to note that, since size of the gap width 

ranges from approximately 5 pm to a few mm then it is important that valve dimensions are 

measured to an accuracy of at least 0.001mm. Equations used to calculate the gap width 

have dimensions raised to the power 3 and hence any errors in measurements will also be 

raised to the power 3.
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Figure 4.3a
Changes in gap width, h, with increasing homogeniser operating pressure 
for various semes of high pressure homogenisers. Laminar flow is 
assumed in the model Lab 60 and Micron Lab 40.
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Figure 4.3b
Changes in gap width, h, with increasing homogeniser operating pressure 
for various semes of high pressure homogenisers. Turbulent flow is 
assumed in all three homogenisers.
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4.3.2 Fluid Flow Characterisation

As mentioned earlier, to study the eflfect of scale on high pressure homogenisation it was 

necessary to ensure that all other parameters that may aflfect cell disruption characteristics 

were conserved between each homogeniser scale.

Experiments carried out on milk homogenisation have shown that homogenisation is 

complete on entry into the valve gap area. Thus, fluid flow characteristics inside the valve 

gap should be similar between each of the three homogenisers used to ensure that the only 

changing factor in scale-down is the flowrate. Since the fluid flow inside the homogeniser 

valve area is complex only the fluid flow characteristics described in the next paragraph 

were compared. These characteristics have been in past research studies shown to influence 

the degree of disruption occurring inside the homogeniser (Phipps 1971,1975; Engler, 

1981).

For each homogeniser the Reynolds number was calculated to establish whether the flow 

was predominantly laminar or turbulent (see section 4.3.2.1). The radial velocity occurring 

inside the valve units was compared (see section 4.3.2.2). Power dissipation per unit volume 

was calculated in the two valve units (see 4.3.2.3) and the mean velocity gradients within 

the units were compared (see section 4.3.2.4).

For all the calculations presented in the following sub-sections, values for fluid flow 

parameters were calculated for the first pass through the homogeniser only and for an initial 

cell concentration of 45% wet weight/volume.

4.3.2.1 Reynolds Number

Reynolds number was calculated at the entry and exit of the gap area. The mean radial 

velocity is greatest in the vena contracta, just inside the entrance to the gap area. However, 

since contraction will be non-existent when the gap length is small radial velocity was taken
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to be a radial (Uo) at the inlet radius (Ro). The radial velocity (uo) was then related to the 

volumetric flow rate (Q) of the suspension by the continuity equation;

Q = 2 - 7C - • u„ • h (4.3)

Entry Reynolds number was thus calculated using equation 4.4 based on characteritic length 

‘h’. Several investigators have used ‘2h’ in the definition of Reynolds number (Bird et al, 

1960), however, the definition used in this study is consistent with that of Phipps (1971, 

1975).

where. Re is the Reynolds number (-); Q is the throughput capacity (mVs); p is the cell 

suspension density (kg/m )̂; p is the apparent viscosity of the suspension (Pa s); and Ro is the 

inlet radius immediately before the gap, h, (m). Similarly, Reynolds number was calculated 

for the flow immediately after exit from the valve gap by substituting Ro for R in equation 

4.4, where R is the outlet radius of the gap area (see figure 4.1). Entry and exit Reynolds 

numbers for the three homogenisers, are listed in table 4.3 below.

Phipps (1971, 1975) reported that within the valve gap at Re < 250 laminar flow is 

established, at Re « 320 a transitional state of flow occurs and turbulent flow occurs at Re> 

500. Reynolds number decreases on flow through the valve seat because of the cylindrical 

geometry of the orifice, but as the distance travelled is small then the change in Re number is 

also small (table 4.3). Thus for packed yeast at an initial concentration of 45% w/v, laminar 

flow occurs in the valve gap area of the APV Manton-Gaulin Lab 60 and Mcron Lab 40 

high pressure homogenisers and in the valve gap area of the APV Manton-Gaulin K3 

turbulent flow occurs.

It is important to note that the presence of yeast cells which are at least 50% of the valve 

gap width are thought to promote the formation of turbulent eddies. However, as no
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experimental evidence exists to back up this theory it cannot be assumed that the flow is 

turbulent for Re < 250.

Table 4.3 Calculated valve gap entry and exit Reynolds number for APV Manton- 

Gaulin homogenisers of different scales.

Homogeniser

model

Throughput

capacity,

L/h

Ro, m R, m Re at 

entry*

Re at 

exit*

Micron Lab 

40

28 1.65 2.05 128 103

Lab 60 60 3.85 4.18 117 106

K3 280 3.85 4.18 535 497

♦Initial concentration of cell suspension was 45%wÂ  |i (apparent viscosity)=0.006 Pa s and p (density)=1050 

kg/m̂  (Mosqueira etal. (1981) and Ward (1989)).

Based on Mosqueira et al. (1981), it is assumed that the fluid characteristics (viscosity and 

density) for cell suspension do not significantly change after the first pass through the 

homogeniser.

4.3.2.2 Radial Velocity

A significant feature of the flow in the valve designs considered is the transient but high 

radial velocity in a circular zone in the entrance of the valve gap, i.e. the radial velocity (uo). 

Past published experiments show that for milk fat disruption, fat droplets begin to break-up 

in this region (Phipps 1975). The magnitude of the radial velocity was quantified, through 

equation 4.5, for each homogeniser

2 - R ' 7C • h
(4 5)

where, Uo is the radial velocity (m/s) and; h is the gap width ht or hy (m).
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Figure 4.4 shows changes in radial velocity (uo) with increasing homogeniser operating 

pressure. The values for Uo were calculated for the APV Manton-Gaulin Lab 60 and Micron 

Lab 40 based on gap width (hL,), i.e. laminar flow occurs in the valve entry zone. This figure 

shows that at an operating pressure of 500 barg, radial velocity for the APV Manton-Gaulin 

K3 is at least two fold larger than for the two smaller capacity machines and the radial 

velocity for the APV Manton-Gaulin Micron Lab 40 and the APV Manton-Gaulin Lab 60 

are essentially equal.

As a comparison, if the flow had been assumed to be turbulent in the APV Manton-Gaulin 

Lab 60 and Micron Lab 40 then the radial velocities calculated in each homogeniser would 

still diflfer significantly. This is shown in figure 4.5, were Uo was calculated using hi for all 

three homogenisers.
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Figure: 4.4
Changes in radial velocity (uo ) with increasing homogeniser operating 
pressure for various scales of high pressure homogenisers. Laminar 
flow is assumed in the model Lab 60 and Micron Lab 40.
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Figure: 4.5

Changes in radial velocity (Up ) with increasing homogeniser operating 
pressure for various scales of high pressure homogenisers. Turbulent 
flow is assumed in all three homogenisers.
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4.3.2.3 Power Dissipation per Unit Volume

In order to compare the amount of energy available for cell disruption in each homogeniser 

it was necessary to calculate the power dissipation per unit volume (Pv). Power dissipation 

was calculated using equation 4.6;

where, Pv is the power dissipated per unit volume (W/m )̂; and h can be either hL or hi (m), 

P is homogeniser operating pressure (N/m )̂.

In equation 4.6 the unit volume was assumed to be the small ‘doughnut’ shaped region 

consisting of the ‘land’ region. However, it is debatable whether this is the correct volume 

to be used. It is possible to use for example the volume of the whole chamber or the 

volumetric throughput as a basis for calculating a suitable volume. The choice is to some 

extent arbitary and in the present analysis the calculations are based on equation 4.6 as 

recommended by Phipps (1975).

Figure 4.6 shows the changes in power dissipation per unit volume (Pv) with increasing 

homogeniser operating pressure in each of the high pressure homogenisers. Calculations for 

Pv in the APV Manton-Gaulin K3 homogeniser were based on the gap width, hi, (i.e. 

turbulent flow in the valve entry zone is assumed). For the APV Manton-Gaulin Lab 60 and 

Micron Lab 40 homogenisers, the values for Pv were calculated based on the gap width, ht 

(i.e. laminar flow in the valve entry zone is assumed). From this figure it can be seen that 

power dissipation per unit volume is of a similar magnitude in each homogeniser for 

pressures <500 barg. Again as a comparison, the values for Pv were calculated on the basis 

that turbulent flow was occurring in all three homogenisers, see figure 4.7. This figure 

shows that, based on the assumption that turbulent flow is occurring inside the homogeniser 

valve gap, the magnitude of Pv for operating pressures < 500 barg is of a similar magnitude 

in each homogeniser.
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Figure 4.6
Changes in power dissipation per unit volume (Pv) with increasing 
homogeniser operating pressure for various scales of high pressure 
homogenisers. Laminar flow is assumed in the model Lab 60 and 
Micron Lab 40.
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Changes in power dissipation per unit volume (Pv) with increasing 
homogeniser operating pressure for various scdes of high pressure 
homogenisers. Turbulent flow is assumed in all three homogenisers used.

166



4.3.2.4 Mean Velocity Gradient

If cell disruption is due to elongation (or viscous) stresses inside the valve gap then the mean 

velocity gradient generated would be expected to relate to the extent of cell disruption. 

Mean velocity gradients have been shown to have a significant contributory eflfect on the 

degree of milk fat homogenisation (Phipps 1975). Equation 4.7 was used to calculate the 

mean velocity gradient in the valve gap area. Figure 4.8 shows that the mean velocity 

gradient calculated, assuming laminar flow for the APV Manton-Gaulin Lab 60 and Micron 

Lab 40 and turbulent flow for the APV Manton-Gaulin K3 homogeniser, were of a similar 

order of magnitude between each of the three homogenisers used. Again as a comparison, 

figure 4.9 shows changes in mean gradient velocity as a function of operating pressure 

assuming that the flow in all three homogenisers to be turbulent. This figure show that the 

mean velocity gradients within each homogeniser also were of a similar order of magnitude.

G = (4.7)

where, G is the mean velocity gradient ( s'̂ ).
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Figure: 4.8
Changes in mean velocity gradient (G) with increasing homogeniser 
operating pressure for various scales of high pressure homogenisers. 
Laminar flow is assumed in the model Lab 60 and Micron Lab 40.
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Figure: 4.9
Changes in mean velocity gradient (G) with increasing homogeniser 
operating pressure for various scales of high pressure nomogenisers. 
Turbulent flow is assumed in all three homogenisers.
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4.3.3 Experimental Results and Discussion

This section presents experimental data which follow the eflfects of changing process scale 

on the characteristics of cell disruption.

Packed baker's yeast at a cell concentration of 45% w/v (wet weight/volume) was 

homogenised at various pressures (100-500 barg) and number of passes (1-5) using the 

three high pressure homogenisers listed in table 4.1. Intracellular soluble protein release was 

measured for varying homogenisation operating conditions (see Chapter 2). Also, changes 

in particle size distributions (PSD) with varying homogenisation conditions were measured 

using the ESZ method (see Chapter 2). Experimental error for protein readings was 

approximately ±6.3% and PSD data were subject to approximately ± 4% experimental error 

(see section 2.3).

Protein release kinetics

The protein release kinetics for each of the three homogenisers was modelled using the 

model developed by Hetherington etal. (1971) (equation 3.2). The exponent of pressure (a) 

and the disruption rate constant (kp) was found for each homogeniser using linear 

regression. For the three homogenisers used, values of pressure exponent (a) and disruption 

rate constant (kp) were found to be very similar to those obtained by Hetherington et al. 

(1971). For the APV Manton-Gaulin K3 and Lab 60 the exponent of pressure (a) was 

found to be 2.9 and for the APV Manton-Gaulin Micron Lab 40 the exponent of pressure 

was also found to be 2.9. The rate constant (kp) was found to be 8x10'  ̂barg'^^pass'  ̂for the 

APV Manton-Gaulin K3 and Lab 60, while for the APV Manton-Gaulin Micron Lab 40 kp 

was found to be 9.41x10'  ̂barg'^^pass"\ Figure 4.10 shows a plot of protein release with 

increasing number of passes for each of the three homogenisers, at a constant operating 

pressure of 500 barg, with simulated protein release data using model parameters obtained 

by Hetherington et a/. (1971) superimposed.
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Figure 4.10
Percentage soluble protein release (%R) with increasing number of passes (N) 
using various scales of homogenisers. 45% w/v packed yeast cells was 
homogenised at 500 barg operating pressure.
♦♦Data simulated using Hetherington et al. (1971) model
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Changes in homogenate PSD

Experimental data showed that resultant homogenate PSDs obtained at a particular 

homogeniser operating condition did not differ significantly between high pressure 

homogenisers of different scales.

Figures 4.11 and 4.12 show a comparison of the homogenate PSDs obtained for the APV 

Manton-Gaulin K3, Lab 60 and Mcron Lab 40 homogenisers at an operating pressure of 

300 barg and third and fifth pass through the homogeniser, respectively. These figures show 

that the PSDs obtained at low operating pressures are very similar for all three 

homogenisers. Similarly, figure 4.13 shows that at a higher operating pressure (i.e. 500 

barg) the resultant homogenate PSDs obtained at the third pass through the homogeniser is 

similar for all three homogenisers used. Figure 4.14 also confirms the similarity between 

homogenate PSDs obtained at 500 barg and the fifth pass through the three homogenisers.

Since changes in homogenate PSD were found to be independent of the homogeniser scale, 

for the range of conditions investigated the modelling approach summarised in section 3.7 

was used to simulate changes in PSD with varying homogeniser operating conditions. The 

model parameters found in Chapter 3 were based on packed baker’s yeast cells 

homogenised in the APV Manton-Gaulin Lab 60 homogeniser, the same model parameters 

were then used to simulate changes in the homogenate PSDs in the APV Manton-Gaulin 

K3 and Micron Lab 40 homogeniser. Figures 4.15 to 4.16 show experimental data and 

simulation results obtained at 300 barg and 500 barg using the APV Manton-Gaulin Micron 

Lab 40. Theses figures show that the homogenate PSD model gives a reasonably good 

prediction of the experimental data obtained. That is, the same model parameters can be 

used to simulate homogenate PSDs changes in homogenisers of different scales. Similarly, 

figures 4.17 and 4.18 are a plot of the experimental and simulation results obtained for the 

APV Manton-Gaulin K3 homogeniser at operating pressures of 300 barg and 500 barg, 

respectively. Again the simulation data fits the experimental data well.

The experimental results obtained indicated that similar protein release and homogenate 

PSDs were obtained regardless of the type of flow prevailing in each of the homogenisers.
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As stated in section 4.3.1, the flow in the APV Manton-Gaulin K3 was found to be 

turbulent while the flow in the APV Manton-Gaulin Lab 60 and Micron Lab 40 was found 

to be laminar. These results therefore provide evidence that the main mechanism of cell 

disruption is not due to forces generated by general turbulence which would have led to 

marked differences in disruption behaviour.

The valve unit in the Manton-Gaulin K3 and Lab 60 was of same the same type, the valve 

unit in the Manton-Gaulin Lab 40 was of a different type (see section 4.3.1). It was found 

that the difference in land width (Ld) for each of the valve types was 20% and, that the 

impact distance ( X )  ranged between 0.4 and 0.7 mm. The key valve dimensions affecting 

the degree of cell disruption, according to Keshavarz et al (1990), are the impact distance 

( X )  and the land width ( L d ) .  The impact distance between the ranges of 0.5 and 0.7 mm 

were shown by Keshavarz (1990) to give similar protein release. They also postulated that 

the mechanism of cell disruption was impingement on the impact ring. Work carried out by 

Ayazi-Shamlou et al, 1995 showed that cell breakage is due to the elongational stresses 

occurring in the zones close to the surface of the rod and the impact ring of the homogeniser 

valve unit. Since in this study the key valve dimensions are similar, then the results suggest 

that the mechanism of cell disruption is due to impingement and the high stress zones close 

to the valve rod and impact ring of the homogeniser. However, further work needs to be 

done in this area before a firm conclusion is made. Control experiments need to be carried 

out to study the effect of changing valve dimensions as a function of flowrate, see section 

7.0.
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Figure 4.11
Effect of varying the scale of high-pressure homogeniser on the resultant 
homogenate PSD obtained at an operating pressure (?) of 300 barg 
and third pass (N=3).
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Figure 4.12
Effect of varying the scale of high-pressure homogeniser on the resultant 
homogenate PSD obtained at an operating pressure (P) of 300 barg 
and fifth pass (N=5).
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Effect of varying the scale of high-pressure homogeniser on the resultant 
homogenate PSD obtained at an operating pressure (?) of 500 barg 
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Figure 4.14
Effect of varying the scale of high-pressure homogeniser on the resultant 
homogenate PSD obtained at an operating pressure (P) of 500 barg 
and fifth pass (N=5).
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Figure 4.15
Homogenate cumulative PSD data obtained for packed baker's yeast 
homogenised at 300 barg, the simulated cumulative PSD is also shown.
The Manton Gaulin Micron Lab 40 was the high pressure homogeniser used.
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Figure 4.16
Homogenate cumulative PSD data obtained for packed baker's yeast 
homogenised at 500 barg, the simulated cumulative PSD is also shown.
The Manton Gaulin Micron Lab40 was the high pressure homogeniser used.
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Figure 4.17
Homogenate cumulative PSD data obtained for packed baker's yeast 
homogenised at 300 barg, the simulated cumulative PSD is also shown. 
The Manton-Gaulin K3 was the high-pressure homogeniser used.
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Figure 4.18
Homogenate cumulative PSD data obtained for packed baker's yeast 
homogenised at 500 barg, the simulated cumulative PSD is also shown. 
The Manton-Gaulin K3 was the high-pressure homogeniser used.
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4.3.4 Conclusion

It was found that the scale of homogeniser in terms of throughput capacity did not have a 

direct affect on the disruption characteristics of packed baker’s yeast. The soluble protein 

release and resultant homogenate PSDs obtained at a particular operating condition were 

found to be very similar in all three high pressure homogenisers used. Thus small-scale 

homogenisers (e.g. the Micron Lab 40) can be used to predict the cell disruption 

characteristics of larger-scales of the high pressure homogeniser.

4.4 Scale-down: Minimising the Scale of Fermentation Required for Small-Scale 

Cell Disruption Studies

4.4.1 Reducing Initial Cell Mass Required

For typical industiial-scale processes for the production of intracellular bio-products, 

immediately after completion of the fermentation step the harvested cells are concentrated. 

High initial cell concentration is preferred during the high pressure homogenisation step in 

order to reduce processing times and subsequently to reduce degradation of the product and 

lower operating costs. Initial cell concentrations normally used during the homogenisation 

step in industrial-scale processes are 30-60% w/v. Thus, past studies carried out on the 

effect of homogeniser operating conditions on the characteristics of cell disruption have 

used initial cell concentrations 30-60% w/v (Hetherington et al.(1971) and Keshavarz et al. 

(1990)).

However, a consequence of using high cell concentrations is that the fermentation volume 

required to produce the cells for cell disruption studies is large. For fermentation processes 

(lag growth phase through to stationary growth phase and high and low dilution rates) 

typical cell concentrations would range from 1% to 8% w/v (Dehghani (1996)). At a 

particular initial cell concentration, table 4.4 shows the minimum fermentation volume 

required to carry out cell disruption studies in the three high pressure homogenisers listed in

177



table 4.1. Calculations to estimate the minimum fermentation volume required were based 

on the following assumptions:

1) Only three samples are required to study cell disruption characteristics at a particular 

point during the fermentation, that is cell disruption characteristics will be studied 

using only three homogeniser operating pressures.

2) The fermentation will be sampled at only two points during the fermentation process 

ensuring that no more than 5% of the fermentation broth is removed in total.

3) The fermentation cell concentration at sample time is 1% (wet cell weight/volume).

In reality a greater number of samples would be used to monitor the fermentation profile to 

ensure that all growth phases and transitional phases are covered. It is also important not to 

remove more than 5% of the fermentation broth to ensure that the fermentation kinetics are 

not disturbed during the experiment (Dehghani, 1996). Assumption 3 above is based on the 

fact that fermentation cell concentrations can be very low at certain points during the 

fermentation, for example 3g dry cell weight/litre (i.e. approximately 1% wet 

weight/volume) is typical of batch yeast fermentation during the exponential growth phase 

(Feichter (1981), Dehghani (1996)).

Table 4.4 shows that if high initial cell concentrations are required for cell disruption studies, 

even for the small-scale homogeniser, the scale of fermentation exceeds small-scale working 

volumes. Clearly, it is more desirable to use low initial cell concentrations to study the effect 

of fermentation conditions on cell disruption characteristics. The following section presents 

research work carried out to study the effects of using low initial cell concentrations on the 

resultant cell debris generated and protein release kinetics obtained during high pressure 

homogenisation using just the Micron Lab 40 device.
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Table 4.4 Fermentation volumes required to provide cell mass for cell disruption 

studies using various scales of high pressure homogenisers.

Fermentation volume required (Litres)

homogeniser feed ceil Micron Lab Lab 60 K3

concentration required 40 (L) (L)

%w/v (L)

1% 4.8 240 2400

10% 48 2400 24000

45% 108 10800 108000

all cell concentrations refer to wet weight

4.4.2 Experimental Results

Packed baker’s yeast at initial cell concentrations of 1%, 10% and 45% w/v (wet 

weight/volume) was homogenised at various numbers of passes (1-5) and operating 

pressures (100-500 barg) in the APV Manton-Gaulin Micron Lab 40. Soluble intracellular 

protein release was measured using the BioRad Assay technique (see Chapter 2). Also, 

changes in particle size distributions (PSDs) were measured using the ESZ method (see 

Chapter 2). Experimental error for protein readings was approximately ±6% and PSD data 

was subject to approximately ± 4% experimental error (see section 2.3).

Protein release kinetics

Soluble protein release kinetics were found to be a weak function of initial cell 

concentration. For the range of concentrations studied, cells disrupted at low initial cell 

concentrations were easier to disrupt than cells disrupted at high initial cell concentrations. 

Protein release for varying concentrations was modelled using the protein release kinetic 

model developed by Hetherington et al. (1971). The maximum protein released (Rmax) was 

found to be approximately 96 mg/g packed yeast. The exponent of pressure (a) and the 

disruption rate constant (kp) were found using linear regression, the model parameters are 

summarised in table 4.5. The consequences of these changes in the model parameters are
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shown in the simulated protein release data for packed baker’s yeast homogenised at 300 

barg and increasing number of passes and varying initial cell concentrations in figure 4.19. 

Figure 4.20 shows data for cells homogenised at 500 barg and increasing number of passes. 

From these figures it can be seen that for cells homogenised using the low initial cell 

concentration of 1% up to approximately 15% more protein was released compared to the 

protein release obtained for cells homogenised using the higher initial cell concentration of 

45% w/v.

Table 4.5 Changes in protein release model parameters with changes in initial cell 

concentration

initial cell

concentration,

(w/v)

a kp (bar'\pass'^)

1% 3.12 3.23 X 10’̂

10% 3.21 1.6x10'^

45% 2.9 9.41x 10'̂
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Figure 4.19
Effect of initial packed baker's yeast cell concentration (%w/v) on 
percentage protein release (%R) with increasing passes (N) through the 
APV Manton-Gaulin Micron Lab40 high-pressure homogeniser, at an 
operating pressure (?) of 300 barg.
** Curve obtained by Hetherington et al. (1971) using a 
Manton-Gaulin K3 homogeniser to homogenise yeast at 45% w/v).

181



100

P = 5 0 0  barg
simulated dataBd

1 % w/v yeast 
10% w/v yeast 
45 % w/v yeast 
Hetherington's

/ / •

experimental data
1 % w/v yeast 
10% w/v yeast 
45 % w/v yeast

0 1 2  3
N ,  number o f  passes

Figure 4.20

Effect of initial packed baker's yeast cell concentration (%w/v) on 
percentage protein release (%R) with increasing passes (N) through the 
APV Manton-Gaulin Micron Lab40 high-pressure homogeniser, at an 
operating pressure (?) of 500 barg.

** Curve obtained by Hetherington et al. (1971) using a 
Manton-Gaulin K3 homogeniser to homogenise yeast at 45% (w/v).
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Changes in homogenate PSD

Experimental results showed that at a homogeniser operating pressure of 100 barg, no 

significant changes in homogenisation PSD occurred. Figure 4.21 shows resultant 

homogenate PSDs of packed baker’s yeast disrupted in the APV Manton-Gaulin Micron 

Lab 40 high pressure homogeniser at an operating pressure of 100 barg and recycled 

through the homogeniser three times (i.e. N=3), the initial cell concentrations used were 

1%, 10% and 45% w/v (wet weight/volume). Similarly, figure 4.22 shows homogenate 

PSDs obtained at 100 barg operating pressure and fifth pass through the homogeniser 

(N=5). From these figures it can be seen that PSDs obtained at 100 barg and increasing 

number of passes are not significantly différent from the PSDs of whole cells. This implies 

that a threshold pressure exists below which no cell breakage occurs. For the packed yeast 

material this would appear to be in the region of 100 barg. This feature is discussed in 

Chapter 3.

Figures 4.23 and 4.24 show PSDs obtained at a homogeniser operating pressure of 300 

barg and three and five passes through the homogeniser, respectively. Similarly, figures 4.25 

and 4.26 show homogenate PSDs obtained at an operating pressure of 500 barg and three 

and five passes through the homogeniser, respectively. These results indicate that changes in 

homogenate PSDs are not influenced by the initial cell concentration (these results are 

discussed below in section 4.4.3). Since changes in homogenate PSDs are essentially 

independent of initial cell concentration, the PSD model parameters obtained for yeast cells 

homogenised at 45% w/v (detailed in chapter 3) can be used to simulate changes in 

homogenate PSDs for initial cell concentrations between 1-45% w/v.
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Figure 4.21
Effect of initial packed baker's yeast cell concentration (wet weight) on 
resultant homogenate PSD obtained at an operating pressure (?) of 100 barg 
and third pass (N=3) through the Micron Lab40 high-pressure homogeniser.
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Figure 4.22
Effect of initial packed baker's yeast cell concentration (wet weight) on 
resultant homogenate PSD obtained at an operating pressure (P) of 100 barg 
and fifth pass (N=5) through the Micron Lab40 high-pressure homogeniser.
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Effect of initial packed baker's yeast cell concentration (wet weight) on 
resultant homogenate PSD obtained at an operating pressure (?) of 500 barg 
and third pass (N=3) through the Micron Lab 40 high-pressure homogeniser.
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Effect of initial packed baker's yeast cell concentration (wet weight) on 
resultant homogenate PSD obtained at an operating pressure (P) of 500 barg 
and fifth pass (N=5) through the Micron Lab 40 high-pressure homogeniser.
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4.4.3 Discussion

Results obtained in section 4.4.1 showed that changes in homogenate PSD during 

disruption were not a function of initial cell concentration, while protein release was related, 

weakly, to the initial cell concentration.

The differing dependencies can be attributed to the fact that cell debris formation consists of 

two processes, namely, cell wall rupture and cell wall fragmentation while protein release is 

due to cell wall rupture. As explained in section 3.4.1, cell wall rupture is the process by 

which the cell wall is broken such that the intracellular content leaks out leaving behind a 

“ghost cell”. The electron sensing zone (ESZ) measuring device used in this work cannot 

differentiate between ghost and whole cells since the near spherical shape of the cells 

remains intact upon loss of the internal protein contents and any shift in homogenate PSD 

(on a volume basis) would be insignificant. Hence, any protein release due to cell wall 

rupture would not have a similar degree of influence on the resultant homogenate PSD. Cell 

wall fragmentation produces some cell wall debris with sizes less than or equal to half the 

size of the original whole cell. Protein release resulting from cell wall fragmentation would 

cause a faster shift in the resultant homogenate PSD towards the smaller particle sizes.

Experimental results presented in section 4.4.1 indicate that at low initial cell concentrations 

cell wall rupture occurs but with little cell wall fragmentation. The magnitude of forces 

required to cause cell wall rupture will be less than that required for cell wall fragmentation 

since fewer chemical bonds are broken during cell wall rupture. Further research work using 

on optical microscopy would need to be carried to quantify the proportion of ghost cells and 

cell wall debris generated and hence to indicate the contributions of rupture and 

fragmentation.

Lowering the initial cell wall concentration lowers both the fluid viscosity and density. The 

values for viscosity and density for whole packed yeast cells at 45% w/v concentration were 

obtained from Mosqueira et al. (1981) and Ward (1989). For initial cell concentration of 

1% it was assumed that the apparent fluid viscosity and density was similar to water. Thus,
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lowering the initial packed yeast cell concentration from 45% to 1% wet weight/volume 

changes the fluid apparent viscosity from 0.006 Pa s to 0.001 Pa. s and the fluid density 

changes from llOOkg/m  ̂to lOOOkg/m̂  (Mosqueira eta l(\9^\). The change in viscosity is 

600% but the change in density is only 10%.

As cell concentrations decrease from 45% to 1% w/v, Reynolds number increases from 128 

to 771 (see section 4.3.2.1). That is, fluid flow conditions go from laminar to turbulent as 

the cell concentration is decreased. Engler (1981) reported that impingement was enhanced 

by turbulence at the impact surface. The increase in turbulence (by lowering the cell 

concentration and hence the viscosity) may provide the extra energy needed to cause the 

increase in protein release observed for cells disrupted at low initial cell concentrations 

(section 4.3.3.). Changes in valve gap width, power dissipation per unit volume, radial 

velocity and mean velocity gradient generated in the valve unit as the initial cell 

concentration decreases from 45% and 1% were calculated using the equations listed in 

section 4.3.2. Figure 4.27 shows that there is a slight increase in gap width with decreasing 

cell concentration. Figures 4.28 and 4.29 show that with decreasing initial cell 

concentrations the power dissipation per unit volume and radial velocity also decrease. 

However, since there is an increase in protein release at decreasing cell concentrations it 

would seem likely that any additional cell rupture is occurring outside the valve gap area. As 

discussed earlier, Engler (1981) suggested than an increase in turbulence at the impact 

surfaces would increase the degree of cell disruption. From the experimental results 

obtained it would seem likely that the mechanism of disruption would include impact and 

turbulence at the impact surfaces. Figure 4.30 shows that the mean velocity gradients, 

obtained at increasing operating pressures, increase as initial cell concentration decreases.

To conclude, if viscous forces in the valve gap were the main mechanism of cell disruption 

then the velocity gradients must be kept constant during the homogenisation process using 

varying initial cell concentrations, this was not the case in the experiments performed. Since 

there are several fluid parameters that varied during experimentation, it is diflBcult to further 

elucidate the most likely mechanism of cell disruption.
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Figure 4.27
Changes in gap width, h, with increasing homogeniser operating 
pressure. Values for 1 % and 45 % cell concentrations are shown.
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Changes in radial velocity (Uo) with increasing homogeniser operating 
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190



Apart from changing initial cell concentration the apparent viscosity of the homogenate will 

change due to several other factors. As cells are disrupted (at a particular cell concentration) 

apparent viscosity will change due to heat generation (Engler, 1981). No experiments were 

carried out to quantify these changes in viscosity. Also the release of intracellular contents 

into the surrounding fluid would increase the apparent fluid viscosity by approximately 20% 

after five passes at 500 barg (Mosqueira et al, 1981) for yeast cells homogenised at 500 

barg and initial cell concentration of 45% w/v. Compared to the changes in viscosity due to 

changes in cell concentration, this change in viscosity would have little effect on the degree 

of cell disruption.

4.4.4 Conclusions

Protein release kinetics were found to be a weak function of initial cell concentration, while 

changes in the resultant homogenate PSDs were found to be independent of cell 

concentration. Protein release studies showed that for cells homogenised at an initial cell 

concentration of 1% w/v upto 15% greater protein release was observed compared to cells 

homogenised at a higher initial cell concentration of 45% w/v.

4.5 Scale-down: Reducing High Pressure Homogenisation Processing Time

Results obtained in this study have shown that increasing the operating pressure increases 

the amount of soluble protein released per pass through the homogeniser, that is, fewer 

passes are required at higher pressures to release the same amount of protein than at lower 

operating pressures.

Several researchers (Baldwin and Robinson (1990), Keshavarz (1990)) have stated that high 

pressure homogenisers capable of operating at pressures greater than 500 barg could 

optimise the homogenisation process by reducing the process time required and thus 

reducing product degradation and operating costs. In this study a range of operating 

pressures were studied (100-1600 barg) to investigate whether designing/using high
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pressure homogenisers that were capable of operating at high pressures (>500 barg) do 

offer significant advantages over existing cell disruption equipment.

4.5.1 Experimental Results and Discussion

Packed baker's yeast at cell concentration of 45% w/v (wet weight/volume) was 

homogenised at various pressures (100-1600 barg) and number of passes (1-5) in the APV 

Micron Lab 40 homogeniser. Soluble intracellular protein release was measured for varying 

homogenisation operating conditions. Also, changes in homogenate (PSD) with varying 

homogeniser operating conditions were measured using the ESZ method. Experimental 

error for protein readings was approximately ±7% and PSD data was reproducible to 

approximately ± 4% (see Chapter 2 for further details on the experimental procedure used).

Figure 4.31 shows the protein release obtained after one pass (N=l) through the 

homogeniser, at operating pressures of 100 to 1600 barg. From this figure it can be seen 

that at operating pressures greater than or equal to 800 barg 100% protein release is 

achieved after only one pass through the high pressure homogeniser. By comparison 

experiments showed that at 500 barg, five passes through the homogeniser were required to 

give approximately 100% protein release. Hetherington’s model (equation 3.2) was 

extrapolated to pressures greater than 500 barg. As expected at the higher pressures the 

model predicts near 100% release after one pass, see figure 4.31.

Figure 4.32 shows the resultant homogenate PSD obtained after approximately 100% 

protein has been released. From this figure it can be seen that, though at an operating 

pressure of 500 barg, five passes through the homogeniser are required, to achieve total 

protein release the resultant cell debris are larger than that obtained when operating at 

pressures greater than 800 barg. This figure also shows that the debris generated at the 

higher operating pressures has become so fragmented that most of the debris size is sub

micron and hence cannot be accurately detected using the ESZ measuring device (see 

Chapter 2 for further details on the measuring device used).
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This study has shown that though at higher operating pressures (>800 barg) maximum 

protein release is achieved rapidly using fewer passes through the homogeniser the resultant 

cell debris PSD consists mainly of sub-micron cell debris particles. The increase in the 

number of sub-micron cell debris particles would greatly reduce the efiBciency of the 

subsequent downstream processing steps such as centrifugation and chromatography. 

Alternatively, a further unit operation step would be required to flocculate the cell debris, 

such steps could result in increased overall bioprocessing time and costs due to the 

subsequent required removal of the contaminating flocculant. This study clearly points out 

the importance of understanding and quantifying the impact of optimising individual unit 

operations on the total bioprocess train to help avoid costly errors.

Whilst very high pressure operation poses potential processing problems, the reduction in 

the time required to completely disrupt the cells makes the use of such very high pressure 

homogenisers an attractive option for fermentation monitoring studies where high 

centrifugal fields can be applied to remove particulate fi"om the homogenate sample. High 

pressures (>1000 barg) are currently being used at the Advanced Centre for Biochemical 

Engineering, UCL, for fermentation control studies to monitor intracellular product 

formation kinetics in a range of micro-organisms.

4.5.2 Conclusion

The study presented in section 4.5.1 showed that high pressure homogenisers capable of 

operating at pressures >800 barg may have limited use in large-scale cell disruption. Though 

processing time would be reduced, the resultant cell debris generated would mainly be sub

micron in size and hence would greatly reduce the efiBciency of subsequent downstream 

processing steps such as centrifugation and chromatography.
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Protein release obtained using the Micron Lab 40 
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first pass through the homogeniser.
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4.6 Theoretical Implications of Scale-down Study

Results presented in section 4.3 showed that the nature of the fluid flow changes fi'om 

turbulent to laminar as the throughput capacity in high pressure homogenisers is scaled 

down fi’om 280 L/h to 28 L/h but that (except in the case where the cell concentration is 

low) this change in flow conditions has no effect on the degree of cell disruption. This 

confirms that cell disruption is not due to forces generated by turbulent flow. At low cell 

concentrations where there is an increase in turbulence and this may enhance the degree of 

cell disruption resulting in upto 15% increase in protein release. However, this increase in 

turbulence has no effect on the resultant homogenate PSD.

Since the degree of disruption has been shown to decrease with an increase in fluid viscosity 

it would seem unlikely that viscous forces acting in the valve gap are the main mechanism of 

cell disruption. However, since the velocity gradients in the valve gap were not kept 

constant it is difiScult to form a conclusion as to whether viscous forces are a likely factor in 

the mechanism of cell disruption. As stated earlier, since fluid and valve geometry 

parameters were not controlled during experimentation it is diflBcult to elucidate further the 

mechanism of cell disruption.

4.7 Conclusion

It has been found that small scale homogenisers can be used to predict cell disruption 

characteristics in large scale homogenisers. It was found that to scale-down the high 

pressure homogeniser successfully the following parameters should be conserved between 

the different processing scales;

1) The impact distance (X) and land width (Ld)

2) The power dissipation per unit volume of fluid within the homogeniser valve gap.

3) The throughput capacity should be adjusted to ensure that fluid parameter listed in 2

above is similar in magnitude between each scale of homogeniser.

196



It was also found that changes in protein release was dependent on initial cell concentration, 

however, changes in homogenate PSDs was found to be independent of initial cell 

concentrations. Changing the fluid flow conditions fi’om turbulent to laminar, but keeping 

the viscosity of the fluid the same, had little eflfect on the disruption characteristics of the 

yeast cells. This points to the evidence that general turbulence is not the main mechanism of 

cell disruption. To help elucidate the mechanism of homogenisation further experiments are 

required in which the velocity gradients and power dissipation per unit volume are kept 

constant for changing initial cell concentration this, however, is beyond the scope of the 

thesis.

Higher pressures cause higher degrees of cell wall fi’agmentation resulting in sub-micron size 

cell debris. Though the processing time is reduced the subsequent downstream processing is 

made less efficient.
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5 Modelling of Interactions Between Fermentation and High Pressure

Homogenisation

5.1 Summary

In this chapter results are presented describing the interactions between baker’s yeast 

fermentation and the downstream processing stage of cell disruption. Fermentation conditions 

that were varied to study these interactions were growth rate, growth phase (time of harvest), 

aeration, growth media and fermentation mode (batch or continuous). The effect of the 

fermentation broth storage time was also studied. The cell disruption method used was high 

pressure homogenisation and changes in homogenate particle size distributions (PSDs) and 

intracellular protein release occurring during the homogenisation process were modelled.

It was found that the new model obtained in chapter 3 was generally applicable in simulating 

changes in homogenate PSDs occurring during the homogenisation process of baker’s yeast. 

Protein release kinetics could be modelled using Hetherington’s model (Hetherington et al, 

1971).

It was also found that fermentation conditions that favoured larger cells to grow, produced 

cells that were easier to disrupt in the homogenisation stage. These fermentation conditions 

were high growth rates, early growth phases, aerobic growth and growth on defined medium. 

Storage (at 4°C) of cells immediately after harvesting resulted in cells that became smaller 

with time and more difficult to disrupt.

This interaction between the fermentation process conditions on the cell disruption unit 

operation was modelled. It was found that there is a linear relationship (regression coefficient 

>0.94) between the cell disruption rate constant ko and the initial whole cell dso (i.e. dso, n=o), 

irrespective of growth rate, growth phase and storage time but not irrespective of growth 

media. A weaker linear relationship (regression coefficient = 0.79) between the cell disruption 

rate constant ko and the initial whole cell dso (i.e. dso,N=o) was found, irrespective of growth 

media, growth rate, growth phase and storage time. These linear models give reasonable first 

approximations of ko given only the initial dso value of the whole cell culture PSD and
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provide a convenient quantitative measure of the eflfect of changing upstream fermentation 

conditions on the subsequent stage of high pressure homogenisation.

It was also found that, fermentation conditions that produced weaker cells also resulted in 

fermentations with low intracellular protein titres compared to titres obtained using 

fermentation conditions that produced cells that were more resistant to cell disruption.

5.2 Introduction

To optimise a process where the product is intracellular, it is necessary to consider the effects 

of fermentation conditions on the downstream cell disruption step. Since cell disruption 

using high pressure homogenisation is energy-intensive and time-consuming, operating 

costs could be reduced if fermentation conditions favouring weaker cells to be produced 

are selected at the process design stage. To further reduce the cost of purification of the 

intracellular product, it is also necessary to consider (simultaneously) the eflfect of the 

resultant homogenate on the subsequent downstream processing step. Cell debris 

generated in the homogenisation step and the constituents of the fermentation broth (e.g. 

antifoam) could adversely affect the efficiency of the subsequent unit operations such as 

centrifugation and chromatography (Hearle et al 1994; Knight, 1989; Siddiqi et a l 1991, 

Mosqueira ct a/. 1981).

In this chapter the interactions between fermentation and the high pressure 

homogenisation stage are investigated and modelled. The modelling, however, of 

interactions of the homogenisation step with subsequent downstream processing unit 

operations is not within the scope of this thesis, but is current research at the Advanced 

Centre for Biochemical Engineering, University College, London.
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Background on modelling high pressure homogenisation

High pressure homogenisation studies have generally been concerned with finding the 

operating conditions required for high rates of disruption, and in trying to elucidate the 

mechanism by which homogenisation occurs (see Chapter 1, section 1.2). Disruption has 

been modelled in the past using heuristic models that require culture-specific parameters 

(Hetherington et al, 1971; Engler, 1981a). The only attempt at putting forward a model to 

predict disruption using parameters that are physically measurable is that by Middelberg 

(1992) and Middelberg et al, (1992a, 1992b). Middelberg (1992) and Middelberg et al, 

(1992a, 1992b) developed a correlation describing the mean effective strength, of Æ coli at 

various growth phases, in terms of two physically measurable parameters, namely average cell 

length and the degree of murein cross linkage. The effective strength was then modelled with 

the value for septated volume fi'action of the bacterial population. These two parameters 

together with three system specific parameters were then used to model disruption as a 

function of operating pressure only. This complex five parameter model could only be verified 

for a single pass through the homogeniser.

In section 5.3 experimental data is presented and analysed using the modelling techniques 

developed in chapter 3. In section 5.4 results detailed in section 5.3 are discussed. Also in 

section 5.4 linear models are developed based on the whole cell diameter, dso;̂ =o (where, 

d5o.N=o is the 50th percentile value of whole cells, i.e. 50% of the whole cells in the initial PSD 

lie below this diameter) to predict the effect of upstream fermentation conditions on the 

subsequent homogenisation stage. Section 5.5 concludes this study.

5.3 Experimental Results and Analysis

This section presents experimental and simulated data which describe the effects of changing 

fermentation conditions on the characteristics of cell disruption.

Below is a summary of the previously developed models used, cell disruption method used, 

cell culture details and assay techniques used in this study.
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Models used

The new model, obtained for packed baker’s yeast in Chapter 3, to describe changes in 

bomogenate PSDs with homogeniser operating pressure was used to model changes in 

homogenate PSDs. This model is shown below as equation 5.1

log;
d s o , N=

dso, N=0“d50
= log.

(d V

where, dso is the 50th percentile value, i.e. 50% of the particles in the PSD lie below this 

diameter; dso, n=o is the value of dso for the whole cell PSD; ko (barg N® is a breakage rate 

constant; N is the number of passes through the homogeniser; AP = (P-P&), P (barg) is the 

homogeniser operating pressure and P* (barg) is the operating pressure below which 

disruption does not occur.

The model above provided a basis to quantify and compare the effect of fermentation 

conditions on the cell disruption stage. Threshold pressure was taken to be zero barg for aU 

the cell cultures since threshold pressure term is culture-specific, and in order to develop 

robust models that can be used to compare different bioprocessing trains it is important that 

culture-specific parameter are reduced.

Total cumulative whole cell and homogenate PSDs were simulated using a Boltzman type 

equation. The details of using this equation is given in Chapter 3. The effect of fermentation 

conditions on protein release kinetics were also investigated using Hetherington’s two- 

parameter kinetics model (see Chapter 3, section 3.3).

Cell cultures used

The organism used was baker’s yeast {Saccharomyces cerevisiae). Fifteen cell cultures of 

baker’s yeast were obtained using a wide variety of fermentation conditions. Fermentation 

conditions that were varied were; growth rate, growth phase, growth medium, aeration and 

storage time post harvesting. Table 5.1 details the cell cultures used. All other fermentation
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parameters such as pH, temperature, stirrer speed, aeration rate (unless specified) were kept 

the same. See Chapter 2 for a more detailed description of the fermentation procedures used.

Table 5.1: Cell cultures used in high pressure homogenisation study

Cell Culture 

Number

Fermentation Mode Dilution 

Rate, D, h*

Growth Phase Media

Type

1 Continuous aerobic 0.28 N/A defined

2 Continuous aerobic 0.26 N/A defined

3 Continuous aerobic 0.21 N/A defined

4 Continuous aerobic 0.19 N/A defined

5 Continuous aerobic O il N/A defined

6 Continuous aerobic 0.06 N/A defined

7 Continuous anaerobic 0.29 N/A defined

8 Batch aerobic N/A exponential defined

9 Batch aerobic N/A stationary defined

10 Batch aerobic N/A late stationary defined

11 Batch aerobic N/A exponential complex

12 Batch aerobic N/A stationary complex

13 Batch aerobic N/A late stationary complex

14 Stored for 6 hours* N/A N/A defined

15 Stored for 30 hours* N/A N/A defined

Cell culture 9 was stored at 4 °C to obtain cell cultures 14 and 15 (see chuter 2).

Cell Disruption Method

Cell cultures were homogenised using the APV Manton-Gaulin Micron LAB 40 high 

pressure homogeniser. Each cell culture was disrupted for up to five homogenisation passes 

at operating pressures of 100, 200, 300, 400 and 500 barg. Cell cultures were also 

homogenised at 1200 barg operating pressure and a single pass, except for cells grown
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continuously at dilution rates of < 0.11 These cultures required two passes for complete 

cell disruption to occur. Disrupted samples were retained for analysis after each pass. Initial 

cell concentrations were adjusted to fall within the range 3-6 g L'  ̂(see Materials and Method, 

Chapter 2).

Assay Techniques

Soluble intracellular protein release was measured using the BioRad Assay technique. 

Changes in particle size distributions (PSDs) was measured using the ESZ method. Maximum 

experimental error for protein readings was no more than approximately ±6% and PSD data 

was subject to approximately ± 4% experimental error. See Chapter 2 for further details on 

these techniques used.

Results and Analysis Sections

This section is divided into three parts, namely:

section 5.3.1 Data describing the effect of growth rate on the homogenisation

characteristics of baker’s yeast are presented and analysed;

section 5.3.2 Data describing the effect of growth phase and growth media on the

homogenisation characteristics of baker’s yeast are presented and 

analysed; and

section 5.3.3 Data describing the effect of storage time on the homogenisation

characteristics of baker’s yeast are presented and analysed.

5.3.1 Effect of Growth Rate on the High Pressure Homogenisation of Baker s

Yeast

Cell cultures were obtained using various dilution rates (i.e. growth rates), these cultures are 

listed in table 5.1 as cell cultures numbered 1 to 7. Below are described changes occurring to 

whole cell and homogenate PSDs and protein release kinetics at various homogeniser 

operating pressure and number of passes for each culture.
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Changes in whole cell size distribution

PSDs for whole cells were obtained for cell cultures 1 to 7. A plot of these PSDs is shown in 

figure 5.1. From these plots it can be seen that cells grown at high dilution rates were larger 

than cells grown at low dilution rates. The mean whole cell size and the dso whole cell size 

were calculated for each population. The values for these parameters are given in table 5.2. It 

can be seen that the cell diameter represented by d s o  gives a very good estimation of the mean 

cell diameter (average estimation error is 2%).

Changes in homogenate PSDs

Figure 5.2 shows typical particle size distribution (PSDs) obtained at a homogeniser 

operating pressure of 500 barg and various number of passes through the homogeniser, for 

cells grown at a 0.28 h*̂ dilution rate. For comparison the initial size distribution of the whole 

cells is also shown. The plots in figure 5.2 show a gradual shift towards the left of the 

distribution as the number of passes through the homogeniser increases. The disappearance of 

the whole cells is accompanied by a gradual increase in the fraction of cell debris. This shift in 

PSD was observed for all the cell cultures (1-15) that were homogenised.

Equation 5.1 was used to model changes in the homogenate PSDs with varying homogeniser 

conditions. As discussed earlier, the value for P* (threshold pressure) was taken to be zero in 

the calculation of ko. Table 5.2 shows values of ko obtained for cell cultures (1-7) grown at 

various dilution rates. The experimental value for P* obtained is also given in table 5.2.

Results showed that k d is a function of growth rate. It was found that the lower the dilution 

rate the more resistant is the cell culture to disruption. Results also showed that cells grown 

under anaerobic conditions (i.e. cell culture number 7) are more resistant to disruption than 

cells grown at a similar dilution rate (i.e. cell culture number 1).
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Whole cell PSDs distributions for baker's yeast grown 
using various dilutions rates.
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Table 5.2; PSD model parameters obtained for cells grown at various dilution rates

Cell Culture 

Number (see 

table 5.1)

Dilution 

Rate, D, b*

ko (barg. 

pass"*) **

Experimental

Pdi(barg)

Mean diameter 

for whole cell 

PSD (pm)

dsojv=̂

(pm)

1 0.28 700 <100 6.3 6.3

2 0.26 750 <100 6.4 6.4

3 0.21 700 <100 6.1 6.1

4 0.19 850 <100 5.6 5.8

5 O il 1400 <300 4.4 4.3

6 0.06 1350 <300 4.4 4.3

7 0.29 1000 <200 4.7 4.4

NB threshold pressure taken to be zero.

Figures 5.3 and 5.4 show parity plots of simulated dso against experimental dso, simulated 

values for dso were obtained using the model given in equation 5.1. Figures 5.3 and 5.4 show 

that the error of estimation between the experimental and simulated was generally less than 

5%. The parity plots confirm the applicability of this model, to describe changes in 

homogenate PSDs with varying homogeniser operating conditions, for baker’s yeast cell 

cultures obtained at various growth rates.
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3 4 65
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Figure 5.3
Parity plots to compare the experimental d jq values 
with simulated d̂ g values. Results for baker's yeast grown 
at dilution rates of 0.28, 0.26 and 0.21 h'  ̂ are shown.

208
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Figure 5.4
Parity plots to compare the experimental d values 
with simulated d^g values. Results for baker's yeast grown 
at dilution rates of 0.19, 0.11 and 0.06 h'  ̂ are shown.
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The effect of varying number of passes (N) through the homogeniser on the homogenate 

PSD’s dimensionless dso (i.e. dso ) is shown in figure 5.5. Figure 5.6 shows the effect of 

varying operating pressure (P) on homogenate PSD’s dimensionless dso (i.e. dso ). These 

figures show that as N  and P increase so does dso . Once dso had been found then equations 

3.15 and 3.16 (see Chapter 3) that describe the PSD distribution width, w, were used. Figure

5.7 shows the dimensionless distribution width, w , plotted against the dimensionless 

diameter, dso • A Boltzman type equation was then used to simulate the total cumulative 

PSDs of the fi"eshly grown baker’s yeast. The experimental and simulated homogenate 

cumulative PSDs, for cultures 1-6, are shown in figures 5.8 to 5.14 respectively. These 

figures show that the equations presented in Chapter 3 to simulate changes in homogenate 

PSD are generally applicable to continuously grown baker’s yeast. The average estimation 

error between the experimental and simulated values was found to be approximately 8%.
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Figure 5.5

Effect of number of passes (N) on the dimensionless diameter djo 
of cell debris for baker's yeast cultures grown at various dilution
rates. Data shown are for cells homogenised at 500 barg and 300 barg 
homogeniser operating pressures (P)
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Figure 5.6
Effect of number of passes (N) on the dimensionless diameter d̂ o
of cell debris for baker's yeast cultures grown at various dilution 
rates. Data shown is for cells homogenised at various homogeniser 
operating pressure (P) and 3 and 5 passes (N) through the homogeniser.
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Figure 5 .7  Relationship between d 5 0  and w .

Data are shown for homogenate PSDs obtained at various dilution rates. 
Linear regression model (equation 3 .16) was fitted to the data.



P = 300  bare

Experimental data:

Ï N=1 
N=3 

#  N=5
Mmuimulated curves: 

N=1 
N=3 

■ ■ ■ N=5

P = 500  barg

0.6

2 4
diameter, jum

Figure 5.8
Homogenate cumulative PSDs data obtained for baker’s yeast grown at 
a dilution rate of 0.28 . Baker's yeast was homogenised at 300 barg
and 500 barg homogeniser operating pressure (?) and varying number of 
passes (N). Simulated cumulative PSDs are also shown.

2 1 4



o>
>
'M3

CJ
g
113Wh

I'o>
(U

i
Îo
(U

*wcd
%

Experimental data: 
^  N=1
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Figure 5.9
Homogenate cumulative PSD data obtained for baker’s yeast grown at 
a dilution rate of 0.26 h'̂  . Baker's yeast was homogenised at 300 barg 
and 500 barg homogeniser operating pressure (?) and varying number of 
passes (N). Simulated cumulative PSDs are also shown.
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N=3

Simulated curves: 
N=1 

-  N=3 
N=5
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Figure 5.10
Homogenate cumulative PSD data obtained for baker's yeast grown at 
a dilution rate of 0.21 h'̂  . Baker's yeast was homogenised at 300 barg 

and 500 barg homogeniser operating pressure (?) and varying number of 
passes (N). Simulated cumulative PSDs are also shown.
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Figure 5.11
Homogenate cumulative PSD data obtained for baker's yeast grown at 
a dilution rate of 0.19 h . Baker's yeast was homogenised at 300 barg
and 500 barg homogeniser operating pressure (?) and varying number of 
passes (N). Simulated cumulative PSDs are also shown.
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Experimental data: 
■  N = 1 
A  N=3u 0.8

Simulated curves:
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Figure 5.12
Homogenate cumulative PSD data obtained for baker's yeast grown at 
a dilution reate of 0.11 h'  ̂ . Baker's yeast was homogenised at 300 barg 
and 500 barg homogeniser operating pressure (P). The simulated cumulativi 
PSD is also shown.
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Experimental data;
■  N = 1 
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Figure 5.13
Homogenate cumulative PSD data obtained for baker’s yeast grown at
a dilution rate of 0.06 h . Baker's yeast was homogenised at 300 barg 
and 500 barg homogeniser operating pressure (?) and varying number of 
passes (N). Simulated cumulative PSDs are also shown.
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Figure 5.14
Homogenate cumulative PSD data obtained for baker's yeast grown at 
a dilution rate of 0.29 h Baker's yeast was homogenised at 200 barg 
and 400 barg homogeniser operating pressure (P) and varying number of 
passes (N). Simulated cumulative PSDs are also shown.
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Protein release kinetics

Soluble protein release kinetics was also found to be a function of growth rate. For the range 

of dilution rates studied, protein release kinetics showed that cells grown at high dilution rates 

were easier to disrupt than cells grown at a lower dilution rate. Results also showed that cells 

grown under anaerobic conditions (i.e. cell culture number 7) are more resistant to disruption 

than cells grown at a similar dilution rate (i.e. cell culture number 1). Protein release was 

modelled using the protein release kinetic model developed by Hetherington et al (1971). 

The model parameters i.e. exponent of pressure (a) and the disruption rate constant (kp) were 

found using linear regression, the model parameters including Rmax (g total protein/g dry 

weight yeast) are summarised in table 5.3. Figures 5.15, 5.16 and 5.17 show experimental and 

simulated percentage intracellular protein release for cell cultures obtained at dilution rates of 

0.28 h"\ 0.19 h'̂  and 0.11 h'\ respectively. From these plots it can be seen that protein release 

kinetics closely follow Hetherington’s model. It was found that for all the dilution rates, the 

difference between the experimental protein release and the protein release simulated using 

Hetherington’s model was on average ±4.0%.

Figures 5.18 and 5.19 show how protein release increases with increasing dilution rate using 

various homogeniser operating conditions. Data are simulated using Hetherington’s model. 

Experimental data are not shown since the simulation results gave a very good fit to the 

experimental data.
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Figure 5.15
Percentage soluble protein release (%R) with increasing number of passes 
(N) for baker's yeast grown at a dilution rate of 0.28 and homogenised at 
various operating pressures (P). Simulated protein release data are also 
shown based on Hetherington's model (Hetherington et al., 1971)
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■ P = 100 barg
^  P = 300 barg
•  P = 500 bargA  /

Simulated curves:
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Figure 5.16
Percentage soluble protein release (%R) with increasing number of passes 
(N) for baker's yeast grown at a dilution rate of 0.19 Ir and homogenised at 
various operating pressures (P). Simulated protein release data are also 
shown based on Hetherington's model (Hetherington et al., 1971)

223



80
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Figure 5.17
Percentage soluble protein release (%R) with increasing number of passes (N) 
(N) for baker's yeast grown at a dilution rate of 0.11 m and homogenised at 
at various operating pressures (P). Simulated protein release data are also 
shown based on Hetherington's model (Hetherington et al., 1971)
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0.11 
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Number of passes (N)
Figure 5.18
Simulated soluble protein release (%R) with increasing number of passes 
(N) for baker's yeast grown at various dilution rates. Homogeniser 
operating pressure (P) used was 300 barg. Simulated protein release data 
for packed baker's yeast are also shown.
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Figure 5.19
Simulated soluble protein release (%R) with increasing number of passes 
(N) for baker's yeast grown at various dilution rates. Homogeniser 
operating pressure (P) used was 300 barg. Simulated protein release data 
for packed baker's yeast are also shown.
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Results in table 5.3 also show that the concentration of intracellular protein increases as 

dilution rate increases. Therefore, cells that are easier to disrupt have less intracellular protein 

this is not an ideal for process optimisation. For an ideal optimised process the cells would be 

easy to disrupt with high intracellular protein content.

Table 5.3 Changes in protein release model parameters with changes in growth rate

Cell Culture 

Number (see 

table 5.1)

Dilution

Rate,D,

b^

Rm«(g/g 

dew yeast)

a(-) kp(barg“

.pass*)

RC(nax),Total protein 

concentration g/L 

fermentation broth

1 0.28 0.13 2.85 2.67 X 10^ 0.87

2 0.26 0.16 2.77 3.50 X 10-* 0.92

3 0.21 0.12 1.29 2.01 X 10"* 0.84

4 0.19 0.15 2.11 9.23 X 10 ’ 2.99

5 0.11 0.16 2.13 4.71 X 10’ 3.45

6 0.06 0.18 2.03 6.11 X 10’ 3.28

7 0.29 0.15 2.2 6.57 X 10’ 2

5.3.2 Effect of Growth Phase and Growth Media on the High Pressure 

Homogenisation of Baker’s Yeast.

Cell cultures grown on either defined or complex media were harvested during various 

growth phases. These cultures are listed in table 5.1 as cell culture numbers 8 , 9 and 10 (for 

cells grown on defined medium) and; 11, 12 and 13 (for cells grown on complex medium). 

Detailed below are changes occurring to the PSD and protein release kinetics with increasing 

homogeniser operating pressure and number of passes during the homogenisation of these 

cultures.

Changes in whole cell size distribution

PSDs for whole cells were obtained for cell cultures 8  to 13. A plot of these PSDs are shown 

in figure 5.20. Figure 5.20 shows that for cell cultures, obtained using either defined or
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complex media, the whole cell distribution shifts to the left with increasing fermentation time 

i.e. cells at the exponential phase of growth are larger than cells in their stationary or late 

stationary phase of growth. The cell distribution also goes fi’om a predominately single mode 

PSD to a two mode PSD. The shift to the left of the whole cell PSD for cell cultures grown 

on a complex medium is faster than for cells grown on a defined medium.

The mean whole cell size and the dso whole cell size were calculated for each population. The 

values for these parameters are given in table 5.4. It can be seen that the cell diameter 

represented by dso gives a very good estimation of the mean cell diameter (average estimation 

error is 5%).
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Figure 5.20
Baker's yeast whole cell PSDs at various growth phases.
Cells grown on defined media and complex media are shown.
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Changes in homosenate PSD

Equation 5.1 was used to model changes in homogenate PSDs with varying homogeniser 

operating conditions. As discussed earlier, the value for (threshold pressure) was taken to 

be zero in the calculation of ko. Experimental values obtained for ?* are given in table 5.4. 

The value of ko increases with increasing fermentation time i.e. it was found that cells 

harvested early in the fermentation e.g. exponential phase were easier to disrupt than cells 

harvested at a later stage in the fermentation process e.g. stationary phase. The value of ko 

was found to be higher for cells grown on defined media than cells grown on a complex 

media, depicting that cells grown on a complex medium are more susceptible to cell 

disruption than cells grown on a defined medium for a given fermentation growth phase. 

However, protein release data studies showed that cells grown on a defined medium are more 

susceptible to cell disruption than cells grown on a complex medium for a given fermentation 

growth phase (see figures 5.27 and 5.28). These results suggest that cells grown on complex 

media produce greater number of cell fi'agments per cell broken than cells grown on defined 

media.

Table 5.4: PSD model parameters obtained for cells grown at various growth phases and 

growth media.

Cell Culture 

Number (see 

table 5.1)

Growth Phase/ 

Growth Media
ko

(barg.

pass”**)

**

Experimental

Pd.(barg)

mean diameter 

for whole cell 

PSD (pm)

dsoĵ =o

(pm)

8 exponential/ defined 700 <100 6.2 6.2

9 stationaiy/ defined 800 <100 6.0 5.8

10 late stationaiy/ defined 1000 <20Q 5.0 4.9

11 exponential/ complex 550 <100 5.8 5.7

12 stationaiy/ complex 700 <100 5.4 4.8

13 late stationai)/ 

complex

800 <100 5.0 4.8

** Value for Pa, taken to be zero in the calculation of ko
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Figure 5.21 shows the parity plots of simulated d s o  against experimental d s o ,  d s o  was 

simulated using equation 5.1. The parity plots confirm the applicability of the model to 

describe changes in homogenate PSDs, with varying homogeniser operating conditions, for 

cell cultures obtained at various growth phases and on defined media, the error of estimation 

is generally less than 10%. Similarly, figure 5.22 shows the parity plots of simulated dso 

against experimental d s o ,  for PSDs obtained for cells harvested during various growth phases 

but grown on complex media, the error of estimation is shown to be generally less than 5%.

As in section 5.3.1, simulated PSDs were obtained using a Boltzman-type equation. Figures 

5.23 to 5.26 show the simulated and experimental total cumulative PSDs. The maximum 

average error of estimation between experimental and simulated PSD was found to be 26%. 

The reason for this large error (as compared to data presented in section 5.3.1) is that these 

cells have been grown using a batch culture and hence are more likely to have a more 

heterogeneous cell distribution, this is depicted by the presence of distinctive bimodal whole 

cell distributions (see figure 5.20) and thus assuming a single value of breakage coefiScient ko 

is simplistic.
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Figure 5.21
Parity plots to compare the experimental d 5 0  values with simulated 
dso values. Results for baker's yeast grown on defined medium and 
harvested at exponential, stationary and late stationary phase are shown
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Figure 5.22
Parity plots to compare the experimental d jq values with simulated 
dso values. Results for baker’s yeast grown on complex medium and 
harvested at exponential, stationary and late stationary phase are shown

233



P=300 barg
Experimental data:
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N=5
Simulated curves: 

N=1 
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Figure 5.23

Homogenate cumulative PSDs data obtained for baker's yeast grown on 
defined medium and harvested at stationary phase. Baker's yeast was 
disrupted at 300 barg and 500 barg homogeniser operating pressure (?) 
and varying number of passes (N). Simulated cumulative PSDs are 
also shown
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Figure 5.24

Homogenate cumulative PSD data obtained for baker's yeast grown on 
defined medium and harvested at late stationary phase. Baker's yeast was 
disrupted at 300 barg and 500 barg homogeniser operating pressure (?) 
and varying number of passes (N). Simulated cumulative PSDs are 
also shown
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Figure 5.25

Homogenate cumulative PSDs data obtained for baker’s yeast grown on 
complex medium and harvested at stationary phase. Baker's yeast was 
disrupted at 300 barg and 500 barg homogeniser operating pressure (?) 
and varying number of passes (N). Simulated cumulative PSDs are 
also shown
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Figure 5.26

Homogenate cumulative PSDs data obtained for baker's yeast grown on 
complex medium and harvested at late stationary phase. Baker's yeast was
disrupted at 300 barg and 500 barg homogeniser operating pressure (?) 
and varying number of passes (N). Simulated cumulative PSDs are 
also shown
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Protein release kinetics

Soluble protein release kinetics were found to be a function of growth phase and growth 

media. For the range of growth phases studied, protein release kinetics showed that cells 

harvested at exponential phase were easier to disrupt than cells obtained from stationary 

phase. Also, cells grown on defined media were easier to disrupt than cells grown on complex 

media. Protein release for various growth phases and growth media was modelled using the 

protein release kinetic model developed by Hetherington et al (1971). The model parameters 

i.e. exponent of pressure (a) and the disruption rate constant (kp) were found using linear 

regression, values for these model parameters and R̂ ax (g total protein/g dry weight yeast) 

are given in table 5.5.

Results in table 5.5 also show that the concentration of intracellular protein increases as 

fermentation time increases. Therefore, cells that are easier to disrupt have less intracellular 

protein than cells that are more diflBcult to disrupt. Again, this is not an ideal for process 

optimisation.

It was found that for cell cultures 8 to 10, the difference between the experimental protein 

release and the protein release simulated using Hetherington’s model had an average 

estimation error of ±4.2%. For cells grown on complex media (i.e. cultures 11 to 13) a 

maximum average error of 7.1%. was obtained.

Figures 5.27 and 5.28 shows simulated percentage protein release data based on 

Hetherington’s model. Experimental data is not shown as protein release generally followed 

Hetherington’s model well. From these graphs it can be seen that the percentage protein 

release (%R) decreases with increasing fermentation time for a given set of homogeniser 

operating condition. Also, the percentage protein release (%R) is greater for cells grown on a 

defined media than for cells grown on a complex media, at a given set of homogeniser 

operating conditions.
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Table 5.5 Changes in protein release model parameters with changes in growth phase and 

growth media

Cell Culture 

Number (see 

table 5.1)

Growth Phase/ 

Growth Media

Rm«(g/g

dew

yeast)

a(-) kp (barg'.pass 

')

RC(miix) Total protein 

concentration 

fermentation broth

8 exponential/ defined 0 .2 2 2.65 1.18x10-’ 1.4

9 stationary/ defined 0 .2 0 2 .2 1.29 X 10^ 4.2

1 0 late stationary/ 

defined

0 .2 1 2 .1 2 1.16x10-® 5.5

11 ejqwnential/

complex

0.13 2.95 1.46 X 10-* 0.4

1 2 stationary/ complex 0.15 2.69 3.97 X 10-* 0 .8

13 late stationary/ 

complex

0.17 1.98 1 .8 8  X 10"® 0.9
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Figure 5.27
Simulated soluble protein release (%R) with increasing number of passes 
(N) for baker's yeast harvested at various growth phases. Homogeniser 
operating pressure (?) used was 300 barg. Simulated protein release data 
for packed baker's yeast are also shown.
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Figure 5.28

Simulated soluble protein release (%R) with increasing number of passes 
(N) for baker's yeast harvested at various growth phases. Homogeniser 
operating pressure (P) used was 500 barg. Simulated protein release data 
for packed baker's yeast are also shown.
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5.3.3 Effect of Cell Storage on the Cell Disruption Characteristics of Baker s

Yeast

Cell cultures grown on defined media were harvested during the stationary phase. These 

cultures were then stored at 4 °C for 6 hours and 30 hours. These cells cultures are listed in 

table 5.1 as cell culture numbers 14 and 15. Detailed below are results showing changes 

occurring to the homogenate PSD and protein release kinetics with increasing homogeniser 

operating pressure and number of passes using these cultures.

Changes in whole cell size distribution

PSDs for whole cells were obtained for cell cultures 14 and 15. A plot of these PSDs are 

shown in figure 5.29. Figure 5.29 shows that the whole cell size distribution of the cells at 

harvest time (i.e. stationary phase) shifts to the left with increasing storage time, and that the 

whole cell distribution also goes fi"om a predominately single mode PSD to a two mode PSD. 

Hence, cells stored for a length of time after harvesting, are smaller than cells at harvest time. 

This is expected since the cells cultures were stored at 4°C.

The mean whole cell size and the dso whole cell size were calculated for each population. The 

values for these parameters are given in table 5.4. It can be seen that the cell diameter given 

by d s o  gives a very good estimation of the mean cell diameter (average estimation error is
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Figure 5.29
Baker’s yeast whole cell PSDs sized at various growth phases and 
storage time. Cells harvested during stationary phase were stored 
for 6 hours and 30 hours. Cells were grown on defined media.

0.08

0.06

0 .04

0.02

0
3

diameter, pm

DEFINED MEDIA STORAGE TIME
...Q.... Stationary phase
...o...  late stationary phase

—*  -  6 hours 
— 30 hours

243



Changes in homogenate PSDs

To model changes in homogenate PSDs equation 5.1 was used. Table 5.6 shows values for 

ko obtained for the cell cultures stored for 6 hours and 30 hours at 4“C. Values for ko were 

found to be a function of storage time. The value of ko increases with increasing storage time. 

The results show that, cell cultures that are stored after harvesting become more resistant to 

disruption than cells disrupted immediately after harvesting.

Table 5.6; PSD model parameters obtained for cells stored for 6 hours and 30 hours

Cell Culture 

Number (see 

table 5.1)

Storage

Time

ko (barg. 

pass”"*)**

Experimental

(barg)

Mean diameter 

for whole cell 

PSD (nm)

d so ,N = o

(pm)

9 0 hours 800 <100 6.0 5.82

14 6 hours 850 <100 5.1 4.9

15 30 hours 950 <200 5.0 4.9

* *  P th  t a k e n  t o  b e  z e r o  i n  t h e  c a l c u l a t i o n  o f  k o

Figure 5.30 shows the parity plots for simulated dso against experimental dso values, dso values 

were simulated using the model shown in equation 5.1. The error of estimation was found to 

be generally less than 5%. The parity plots confirm the applicability of the model to describe 

changes in homogenate PSDs with homogeniser operating conditions for cell cultures that 

have been stored post harvesting.

As in section 5.2, the simulated PSDs were obtained using a Boltzman-type equation. Figures 

5.31 and 5.32 show the simulated and experimental total cumulative PSDs. The maximum 

average error of estimation between experimental and simulated PSD was found to be 24%. 

The reason for this error (as compared to data presented in section 5.3.1) is that these cells 

have been grown using a batch culture and hence are more likely to have a more 

heterogeneous cell distribution, this is depicted by the presence of distinctive bimodal whole 

cell distributions (see figure 5.29) and thus assuming a single value of breakage coefiScient kp 

is simplistic.
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Figure 5.30
Parity plots to compare the experimental d jq values with simulated dso 
Results are for baker's yeast grown on defined medium and harvested at 
stationary phase and then stored for 6 hours and 30 hours.
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Expérimental data:

N = 1 
▲ N=3 
•  N=5
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N = 1 
N=3 
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diameter, jim

Figure 5.31

Homogenate cumulative PSDs data obtained for baker’s yeast grown on 
defined medium and stored after harvesting for 6 hours. Baker's yeast was 
disrupted at 300 barg and 500 barg homogeniser operating pressure (P) 
and varying number of passes (N). Simulated cumulative PSDs are 
also shown
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Figure 5.32

Homogenate cumulative PSDs data obtained for baker's yeast grown on 
defined medium and stored after harvesting for 30 hours. Baker's yeast was 
disrupted at 300 barg and 500 barg homogeniser operating pressure (P) 
and varying number of passes (N). Simulated cumulative PSDs are 
also shown
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Protein release kinetics

Soluble protein release kinetics were found to be a function of storage time. For the storage 

times studied, the longer the cells were stored, the more resistant they became to cell 

disruption. Protein release for varying storage time were modelled using the protein release 

kinetic model developed by Hetherington et al (1971). The exponent of pressure (a) and the 

disruption rate constant (kp) were found using linear regression, the model parameters 

including Rmax (g total protein/g dry weight yeast) are summarised in table 5.7.

It was found that for cell cultures 14 and 15, the difference between the experimental protein 

release and the protein release simulated using Hetherington’s model was on average ±5.8%.

Figures 5.33 and 5.34 show the protein release data obtained for cell cultures 9, 14 and 15. 

From these graphs it can be seen that the percentage protein release (%R) decreases with 

increasing storage time for a particular homogeniser operating condition. Data shown has 

been simulated using Hetherington’s model.

Table 5.7 Changes in protein release model parameters for cell cultures stored for 6 hours 

and 30 hours

Cell Culture 

Number (see table 

5.1)

Storage

Time
Rmax

(g/g
yeast)

a(-) kp (barg *. 

pass^)

RC(mu), Total 

protein 

concentration g/L 
fermentation broth

14 6 hours 0.19 2.22 8.3 X 10'^ 4.3

15 30 hours 0.18 2.35 3.41 X 10'^ 4.4

In table 5.7 it can be seen that the concentration of protein increases slightly with storage 

time.
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Figure 5.33
Simulated protein release (%R) data at various number of passes for baker's 
yeast homogenised at an operating pressure (P) of 300 barg. Baker’s yeast was 
grown on defined medium and harvested at stationary phase and then aged for 
6 hours and 30 hours. Simulated protein release data is also shown for packed 
yeast. Hetherington's model was used to simulate the data shown 
(Hetherington et al., 1971).
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-----------  3 0  hours
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Figure 5.34
Simulated protein release (%R) data at various number of passes for baker's 
yeast homogenised at an operating pressure (P) of 500 barg. Baker's yeast was 
grown on defined medium and harvested at stationary phase and then aged for 
6 hours and 30 hours. Simulated protein release data are also shown for packed 
yeast. Hetherington's model was used to simulate the data shown 
(Hetherington et al., 1971).
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5.4 Modelling of Physically Measurable Fermentation Parameters to

Predict High Pressure Homogenisation Rate.

This section is divided into four parts, these are;

Section 5.4.1 : In this section a discussion of the results obtained in section 5.3 is given.

Section 5.4.2: In this section correlations are presented of ko as a function of fermentation

conditions.

Section 5.4.3: In this section models are developed to predict homogenisation rate using

whole cell PSDs.

Section 5.4.4: In this section a model is developed to predict total protein content of the

cell using whole cell PSDs.

5.4.1 Discussion of Results Obtained in Section 5.3

In section 5.3, experimental data were presented to describe the effects of changing 

fermentation conditions on the high pressure homogenisation step. The results showed that 

fermentation conditions had a very significant effect on the high pressure homogenisation 

process step. It was found that certain fermentation conditions increased the susceptibility of 

the cells to disruption, these were:

• high growth rates;

• early growth phase;

• growth on defined media;

• aerobic growth; and

• zero storage time after harvesting.

Also, results showed that certain fermentation conditions were found to decrease the 

susceptibility of the cells to disruption, these were:
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• low growth rates;

• late grow phase (e.g. stationary);

• growth on complex media;

• anaerobic growth and; and

• storage after harvesting.

Cells that were easy to disrupt, such as cells grown at dilution rate of 0.26 h'̂  and over, and 

cells harvested during exponential phase, only three passes through the homogeniser at an 

operating pressure of 500 barg (or four passes at 400 barg) were required to release the total 

intracellular protein (see graphs 5.19 and 5.28). While for cells grown at low dilution rates, 

such as 0.06h'  ̂,cell disruption at 500 barg and 5 passes through the homogeniser, resulted in 

only 50% disruption. Cells harvested during late stationary phase and on defined media 

showed that 90% of the product was release for cells grown on defined media and only 85% 

of the total protein was released for cells grown on complex media.

It was also observed that fermentation conditions that increased the susceptibility of cells to 

disruption also encouraged an increase in the whole cell size, where cell size for the whole cell 

PSD was represented by d5o,N=o- On the other hand, fermentation conditions that decreased 

the susceptibility of cells to disruption encouraged a decrease in d5o,N=o-

It was found that fermentation conditions that encouraged cells to grow larger produced less 

intracellular protein than cells grown. Also, in a separate study at The Advanced Centre of 

Biochemical Engineering, University College London, part of which is reported in the work 

by Dehghani (1996), productivity of intracellular enzymes such as Alcohol Dehydrogenase 

(ADH) and Hexokinase increases for fermentation conditions that were shown in this study 

to encourage the cell to grow smaller. On the other hand, these enzymes’ titres decreased for 

fermentation conditions that are shown in this study to encourage larger cells to grow.

From the results summarised above, it can be seen that to optimise the high pressure 

homogenisation process is not an easy task because fermentation processes that are designed 

to increase the efiBciency of the homogenisation process have a low product titre. For an 

optimised fermentation process, the product titre should be high, with low fermentation
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media requirements and low fermentation time. And, to optimise the homogenisation process 

the homogeniser should be run using low pressures and number of passes, this would reduce 

energy usage and process time. Low number of passes together with low operating pressures 

result in larger cell debris (as predicted by equation 5.1 and verified by experimental data in 

section 5.3), and hence the subsequent stage of centrifugation, or filtration, would also be 

more efficient at removing the cell debris (Hearle et al, 1994; Siddiqi et al, 1991).

In order to develop and simulate fermentation strategies that would enhance the efficiency of 

homogenisation, the factors that affect the efficiency of the homogenisation step need to be 

modelled. In the following section 5.4.2, the rate of disruption coefficient, ko, is modelled as a 

function of fermentation conditions such as growth rate, growth medium, growth phase, 

aeration and post harvesting storage time.

5.4.2 Correlations of ko with Fermentation Conditions

As discussed above and in section 5.3, the breakage coefficient, ko, was found to be strongly 

dependent on culture conditions. Figure 5.35 shows the variation of ko with dilution rates 

during the continuous fermentation of baker’s yeast. The plot indicates an almost step change 

in the magnitude of the breakage coefficient, ko, as the dilution rate in the bioreactor 

increases. Because of the sharp variation in ko with dilution rate, more data points are needed, 

especially for the critical period between dilution rates 0.11 h'̂  and 0.21 K \ before firm 

conclusions can be made about the shape of the curve and its significance. Nevertheless, it is 

interesting to note that the only point in figure 5.35 that falls in the critical range (kp = 850, 

dilution rate = 0.19 h'̂  ) corresponds to culture conditions at which cell growth changed fi'om 

respiratory to fermentative. Values of kp were also plotted against fermentation time for cell 

cultures 8 to 13, 14, and 15. These plots are shown in figure 5.36. Figure 5.36 shows that kp 

increases with fermentation time and storage time. That is, cells that are harvested and 

disrupted during the exponential phase are much easier to disrupt than cells harvested later on 

in the batch fermentation process such as during the stationary phase. Also cells that were 

stored and not disrupted immediately after harvest, also shown in figure 5.36. It can be seen 

that these cells became more resistant to cell disruption with storage time.
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Figure 5.35 and figure 5.36 do not give a single clear correlation that can link the disruption 

rate coefficient ko and the fermentation conditions that were varied. Another observation 

made in section 5.3 and summarised above in section 5.4.1 is that fermentations conditions 

affected the whole cells’ PSD. It was found that that fermentation conditions that produced 

weak cells also encouraged the cells to grow large. The relationship between the disruption 

rate coefficient, ko., andd5o,N=o is studied below in section 5.4.3.
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5.4.3 Modelling ko and dso,N=o.

Figure 5.37 shows the variation of ko with d5o,N=o for initial whole cell size PSDs, obtained for 

all the baker’s yeast cell cultures (1-15). A linear relationship was observed between cell 

cultures 1-6, 8-10, i.e. cells that were grown aerobically on defined media. A linear 

correlation was fitted to the plot for cell cultures 1-6, 8-10. The linear correlation is given 

below in equation 5.2. The linear regression coefficient, Rc, was found to be 0.95. The value 

for Rc indicates that a strong linear relationship exists between ko and d5o,N=o, irrespective of 

growth phase or growth rate. It was found that if data for cell cultures grown on complex 

medium were added to the plot the regression coefficient fell to 0.61, indicating that cells 

grown on a complex media exhibit a different correlation. A linear regression was then 

performed on just the data for cells grown on complex media (i.e. cultures 11 - 13). The 

value of Rc was found to be 0.998 showing a strong linear relationship. However, since there 

were only three cell cultures (i.e. three data points) for cells grown on complex media a firm 

conclusion cannot be made about the shape of the correlation.

The linear relationship was found to be of the form:

kos = . (d5o,N=o)+ 'P 1 5.2

where, kDs(barg. N  ̂"*), is the simulated disruption rate coefficient; d5o,N=o (|im), is the dso value 

for whole cell size (i.e. 50% of the whole cells in the PSD lie below this value); Y (barg. 

N  ̂tpm'^), and 'Pi (barg. N̂ "*), are constants independent of cell growth rate or growth 

phase. For baker’s yeast grown on defined media 'P = -324 (barg. pm'^) and 'Pi = 2720 

(barg. bf t), and for bakers yeast grown on complex media 'P = -313 (barg. pm'^) and 

'Pi =2369 (barg. N^ )̂.

A linear relationship between disruption rate and cell size for a particular organism, was also 

observed by Wase and Patel, (1985) for yeast {Saccharomyces cerevisiae) and bacteria cells 

{Esherichia coli, Klebsiella pneumonium and Bacillus cereus) disrupted using 

ultrasonication. Wase and Patel used cell volume to describe the whole cell PSDs. In their 

study, cells were only grown using a continuous system, they obtained cells of a wide 

variation of resistances to ultrasonic disintegration by corresponding variations in fermenter
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Figure 5.37

Relationship between d jq and (rate of disruption)
Data for cell cultures 1 to 15 are shown.
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impeller speed, and in the case of Klebsiella pneumonium by also varying the dilution rate. 

Wase and Patel found that there was a linear relationship, using Klebsiella pneumonium, 

between ultrasonication disruption rate constant and cell volume irrespective of dilution rate 

and impeller speed. Wase and Patel also found that there is a particular linear relationship 

between ultrasonication disruption rate constant and cell volume irrespective of impeller 

speed, for each of the microorganisms they used. They also found that for E. coli there is a 

linear relationship between ultrasonication disruption rate constant and cell volume, 

irrespective of nutrient limitation. Wase and Patel did not report a way of combining these 

results to form a single linear relationship between disruption and cell size irrespective of all 

the fermentation conditions.

The two parameters (T and 'Fi) in the linear model shown in equation 5.2 are found to be 

independent of growth rate and growth phase. The approach taken to make the model more 

robust by making the two parameters independent of other growth conditions (such as 

growth media and cell storage time) is described in the remainder of this section.

Whole cell PSDs are dependent on a large number of fermentation growth conditions (as 

discussed above) other factors that could affect the whole size would also include aeration 

rate, stirrer speed, pH, temperature, solutes in the broth, osmotic pressures. However, it is 

reasonable to assume, for a particular set of fermentation conditions there would be a 

maximum cell size that could possibly be achieved, this size shall be denoted by (d5o,N=o)max. 

For the cell cultures used in this study (d5o,N=o)max- was found to occur during the following 

growth conditions:

a) Continuous fermentation using defined media. (d5o,N=o)nux was found to occur at a

dilution rate of 0.28 h'̂  (culture no. 1).

b) Batch fermentation using defined media: (d5o,N=o)max was found to occur at the

exponential phase (culture no. 8).

c) Batch fermentation using complex media: (d5o,N=o)nux was found to occur at the

exponential phase (culture no. 11).

Using the values of (d5o,N=o)ma.x the other cell cultures within the particular set of fermentations 

conditions (listed a-c above) were normalised using the following equation:
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(d50,N=o)ram ~  d5Q,N=0 /  (dfOJ'J=o)max 5 . 3

Values for (d5o,N=o)ram were calculated for each cell culture. The values for kp were then 

plotted against (d5 o,N=o)nnn- This plot is shown in figure 5.38. A linear correlation was found 

for this plot and is shown in equation 5.4 below.

kps = A, . (d50,N=o)nnn+ 5.4

where, kp, (barg. is the simulated disruption rate coefficient; d5o,N=o (pm), is the dso value 

for whole cell size (i.e. 50% of the whole cells in the PSD lie below this value); dimensionless 

(dso,N=o )nnn (") Is the value of d50,N=o divided by (dso)max,; (dso,N=<))inax (pm), is the largest value 

for dso,N=o md was shown to occur during the fermentation; X (barg. N  ̂'̂ ), and Xi (barg. N  ̂"̂), 

are constants independent of cell growth conditions for a specific microorganism. For baker’s 

yeast X = -1784 (barg. N̂ '̂ ) and Xi = 2440 (barg. N̂ "̂ ),

Though using equation 5.2 gave much better regression coefficients (i.e. >0.94), equation 5.2 

is less generic than equation 5.4 since equation 5.2 is a function of growth media. The 

relationship given in equation 5.4 though has a regression coefficient of 0.79 gives a 

reasonable first approximation of the homogenisation disruption coefficient and requires only 

one parameter i.e. the whole cell size.

Using equation 5.4 values for kps were found. A parity plot is shown in figure 5.39 for kps 

(found using equation 5.4) and the value for kp (found using equation 5.1). The value for kp 

requires homogenisation disruption data. The value for kps does not need homogenisation 

data and only requires the whole cell size PSD of the fermentation broth. From the parity 

plots shown in figure 5.39 it can be seen that the linear model shown in equation 5.4 can be 

used to estimate the value of kp with an estimation of error of approximately 15%, and for 

most cultures up to 10% estimation error is observed. Further work is required to assess the 

effect of changing system paramaters such as valve unit dimensions on the coefficients given 

in equation 5.4.
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Figure 5.38

Relationship between normalised d 5 0  and k  ̂ (rate of disruption)
Data for cell cultures 1 to 15 are shown.
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Figure 5.39

Parity plots of simulated k ds (using equation 5.2 and 5.4) 
and original k d (using equation 5.1). 10% and 15% 
deviation from the original k ^  is shown.
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The model given in equation 5.4 integrates the fermentation stage with the cell disruption 

stage. The model provides a method by which simulations can be carried out to study the 

effect of fermentation conditions on the product recovery stage for an intracellular product. 

This model can be used during early process design stages, and unlike other homogenisation 

models does not require culture-specific information.

5.4.4 Modelling Total Intracellular Protein Concentration (RCmu) and dso,N=o.

A study of the variation of the total intracellular protein (RCmax) in the cells with fermentation 

conditions was also carried out. A plot of total intracellular protein and d5o,N=o is given in 

figure 5.40. This figure shows that there is no clear relationship between total intracellular 

protein and whole cell d5o,N=o- To make the relationship less specific to culture conditions the 

total intracellular protein needed to be normalised, this was done as follows:

It was assumed, that for a given set of fermentation conditions there is a maximum amount of 

protein that the cell can produce, this maximum amount of protein was denoted by (Rcmax)max-

For the cell cultures used in this study (Rcmax)max was found to occur during the following 

growth conditions:

a) Continuous fermentation using defined media: (RCmax)max was found to occur at a 

dilution rate of 0.11 h'‘ (culture no. 5).

b) Batch fermentation using defined media: (RcmaxW was found to occur at the late 

stationary phase (culture no. 10).

c) Batch fermentation using complex media: (Rcnux)max was found to occur at the late 

stationary phase (culture no. 13).

Using the values of (RCmax)max the other cell cultures within the particular set of fermentations 

conditions (listed a-c above) were normalised using the following equation:

(RCmax)nnn ~  RCmax /  (RCniax)max 5 .5

263



where, R(W (g protein/L) is the amount of total intracellular soluble protein per litre 

fermentation broth and (Rcw)»™ is the dimensionless total intracellular protein.

Values for (RCmax)nnn Were calculated for each cell culture. The values for (Rcmax)mm were then 

plotted against dso^o. This plot is shown in figure 5.41. A linear correlation was found for 

this plot and is shown in equation 5.6 below.

(RCmax)nmi

where, dimensionless (Rcmax)nnn (-) is given in equation 5.5 above; d5o,N=o (pm), is the dso 

value for whole cell size (i.e. 50% of the whole cells in the PSD lie below this value); 

(Rcmax)max (g proteiii/L), is the largest value for RCmax and was shown to occur during the 

batch fermentation late stationary phase or for the lowest dilution rate for baker’s yeast; r\ 

(pm'^), and r| i (-), are constants independent of cell growth conditions for a specific 

microorganism. For baker’s yeast T] = -0.38 (|Lim'̂  ) and t|i = 2.68 (-).

Total intracellular protein was simulated using equation 5.6. An average estimation error of 

9% was found. However, the maximum average error of estimation was found to be 50%.

Admittedly a regression coefGcient of 0.7 could be improved by developing a relationship that 

is more culture specific. However, the final equation becomes less generic and more culture 

specific and for this reason and as a first approximation equation 5.6 is considered acceptable 

in preliminary simulation studies where fermentation kinetics at the cellular or population 

level is not known.

Work carried out by Alberghina et al., (1983) showed that protein distributions and cell 

volume can be monitored using growth models of an exponential form. Work carried out by 

Ramkrishna et al, (1966 and 1967) showed that ‘structured distributed’ models can be made 

to account for the dependence of growth on the past history of the cells; thus these models 

can predict all phases of batch cell growth including lag, exponential, stationary, and declining 

phase growth. These model’s parameters include protein and nucleic acid concentration. The 

prediction of disruption rate during homogenisation using models based on fermentation
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kinetics needs to be explored further An integrated model that models both cell growth and 

the subsequent stage of high pressure homogenisation may be easier to extrapolate to other 

microorganisms, to predict their homogenisation characteristics and hence product recovery 

efiSciencies.

5.5 Conclusion

In this chapter it was shown that the model developed in chapter 3 to predict changes in 

packed baker’s yeast homogenate particle size distributions is also applicable to batch and 

continuously fermented baker’s yeast cell cultures.

A linear model was developed that can be used to simulate and optimise effects of 

fermentation conditions on the subsequent cell disruption step using high pressure 

homogenisation. For baker’s yeast this model only requires a single input parameter, namely 

the cell diameter for whole cells represented by d5o.N=o- The d5o,N=o value can either be 

measured physically or can be predicted if fermentation kinetics are known at a cellular level.

Future work arising from this study is reported in ‘Future Work’, chapter 7.

265



a
c
a

I  

I

Figure 5.40

Relationship between total protein and dso
Data for cell cultures 1 to 15 are shown.
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Figure 5.41

Relationship between normalised protein and d
Data for cell cultures 1 to 15 are shown.
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6.0 CONCLUSION

In this thesis an experimental technique has been developed using a model of cell breakage for 

the simulation of the total cumulative size distribution of packed baker’s yeast cell 

homogenate. Experimental data showed that breakage was negligible below a threshold 

pressure of 115 barg. Beyond this threshold pressure, the particle size distributions (PSDs) 

were found to be functions of both the operating pressure and the number of passes through 

the valve.

The ability to simulate the entire size distribution of the homogenate is a prerequisite for 

predicting the efficiency of subsequent unit operation for cell debris separations that follow 

the disruption step in a bioprocess flowsheet. The technique developed provides a simple, but 

nevertheless adequate prediction of the total cumulative size distribution of the number of the 

particles at the end of the homogenisation process.

The model was then used to study

i) scale-down of homogenisers and;

ii) the effect of fermentation conditions on the homogenisation step.

It was found that the scale of homogeniser in terms of throughput capacity did not have a 

direct affect on the disruption characteristics of packed baker’s yeast. The soluble protein 

release and resultant homogenate PSDs obtained at a particular operating condition were 

found to be very similar in all three high pressure homogenisers used. Thus small-scale 

homogenisers (e.g. the Micron Lab 40) can be used to predict the cell disruption 

characteristics of larger-scales of the high pressure homogeniser.

It was found that to scale-down the high pressure homogeniser successfully the following 

parameters should be conserved between the different processing scales:

1 )  The impact distance (X) and land width ( L d )

2) The power dissipation per unit volume of fluid within the homogeniser valve

gap.
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3) The throughput capacity should be adjusted to ensure that fluid parameter listed

in 2 above is similar in magnitude between each scale of homogeniser.

Protein release kinetics were found to be a function of initial cell concentration, while changes 

in the resultant homogenate PSDs were found to be independent of cell concentration. 

Protein release studies showed that for cells homogenised at an initial cell concentration of 

1% w/v upto 15% greater protein release was observed compared to cells homogenised at a 

higher initial cell concentration of 45% w/v.

Changing the fluid flow conditions fi'om turbulent to laminar, but keeping the viscosity of the 

fluid the same, had little effect on the disruption characteristics of the yeast cells. This points 

to the evidence that general turbulence is not the main mechanism of cell disruption. To help 

elucidate the mechanism of homogenisation further experiments are required in which the 

velocity gradients and power dissipation per unit volume are kept constant for changing initial 

cell concentration this, however, is beyond the scope of the thesis.

The study presented also showed that high pressure homogenisers capable of operating at 

pressures >800 barg may have limited use in large-scale cell disruption. Though processing 

time would be reduced, the resultant cell debris generated would mainly be sub-micron in size 

and hence would greatly reduce the efiBciency of subsequent downstream processing steps 

such as centrifugation and chromatography.

It was shown that the model developed in to predict changes in packed baker’s yeast 

homogenate particle size distributions is also applicable to batch and continuously fermented 

baker’s yeast cell cultures. A linear model was developed that can be used to simulate and 

optimise effects of fermentation conditions on the subsequent cell disruption step using high 

pressure homogenisation. For baker’s yeast this model only requires a single input parameter, 

namely the cell diameter for whole cells represented by d5o,N=o- The d5o,N=o value can either be 

measured physically or can be predicted if fermentation kinetics are known at a cellular level.

Future work is listed in the next Chapter.
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7.0 FUTURE WORK

The following work is recommended and is listed according to the chapter from which the

work is derived:

Chapter 3

a) A study of the effect of operating temperature on the model parameters given in equation 

3.13 needs to be carried out. Followed by simulation of the total homogenate PSDs using 

the Boltzman type equation, to see if the boltzman based modelling approach is 

applicable.

b) A study of the effect of valve geometries on the model parameters given in equation 3.13 

needs to be carried out. Followed by simulation of the total homogenate PSDs using the 

Boltzman type equation, to see if the boltzman based modelling approach is applicable.

c) A study of the effect of other microbial strains (e.g. bacteria, recombinant organisms) on 

the model parameters given in equation 3.13 needs to be carried out. Followed by the 

simulation of the total homogenate PSDs using the Boltzman type equation, to see if the 

boltzman based modelling approach is applicable.

Chapter 4

a) A study needs to be carried out to fiirther elucidate the cell breakage process, the 

following experiments are recommended:

1. Experiments to study effects of initial cell concentration on cell disruption 

characteristics using microorganisms other than packed baker’s yeast.

2. Control experiments to study the effect of changing single fluid parameters such 

as viscosity on cell disruption characteristics.

3. Control experiments to study effect of changing key valve unit dimensions (such 

as impact distance and land width) as a function of throughput capacity.

4. Investigation of cell debris size, shape factors and quantity using image 

analysis/direct optical microscopy techniques for cells homogenised at varying 

homogenisation conditions to further elucidate the breakage process.
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5. On a molecular level, a study is required to quantifying the cell wall bonds 

broken during cell breakage.

b) A study needs to be carried out, using data from experimental study number 4 

above, to link the model shown in equation 3.13 to a protein release rate 

coefficient.

c) In the calculation of energy dissipation (Pv) using equation 4.6 the 

characteristic volume was arbitrarily chosen to be equivalent to a ‘doughnut’ 

shaped region with height equivalent to the homogeniser valve gap width 

(h). It is possible to derive other equations based on different characteristic 

volumes including the total volume of the chamber or the fluid throughput 

through the valve. It is recommended that such concepts be pursued in any 

future investigation to see what effect these may have on the analysis of the 

disruption data.

Chapter 5

a) A study needs to be carried out to model the effects of altering fermentation conditions, 

such as impeller speed, pH, temperature, aeration rate and solutes that may exert an 

osmotic pressure on baker’s yeast cells, on the high pressure homogenisation process. 

The reliability (robustness) of the linear models, given in equations 5.2 and 5.4, to predict 

cell disruption rate needs to be verified for these fermentation conditions.

b) Fermentations, using baker’s yeast, are required to be carried out using complex medium 

for continuous and fed-batch cell growth modes, to test out the reliability of the linear 

models, given in equations 5.2 and 5.4, to predict cell disruption rate. Fed-batch 

fomentations also need to be carried out using defined medium to test out the reliability of 

the linear models developed.
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c) The applicability of the linear models, given in equations 5.2 and 5.4, to predict cell 

disruption rate needs to be tested using other organisms grown at various fermentation 

conditions.

d) The linear models, given in equations 5.2 and 5.4, to predict cell disruption rate needs to 

be tested using other homogeniser valve unit design,.

e) The integrated model developed to predicted interactions between the fermentation 

process and the high pressure homogenisation stage needs to be linked with subsequent 

downstream processing models, e.g. filtration and centrifugation, to simulate the 

interactions between unit operations in the total bioprocess train.

0 Correlation between disruption rate coefiScient with other on-line and oflf-line 

fermentation parameters, including other intracellular products e.g. enzymes need to be 

developed. Incorporation of the disruption rate coefiScient into growth models needs to 

be investigated.

g) A combined model that predicts both changes in PSDs and protein release needs to be 

investigated.
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