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ABSTRACT

This thesis examines the use of process simulation tools and pilot-scale verification 

trials for the design of efficient bioprocesses. The use of process simulation tools 

requires the development of predictive, robust unit operation models were the models 

are used for the calculation of mass and energy balances, and ultimately economic 

analysis and optimisation. Verification trials are employed to assess how the model 

compares to reality. Models describing key unit operations such as protein

precipitation and centrifugation are often very simplistic and do not take into account

the added complications that biological materials present, such as hindered settling at 

high solids concentrations in centrifuges and susceptibility to shear forces. The 

generation of useful engineering models, testing by comparison with real process data 

and their use in design are covered in this work.

Two models have been developed in this thesis; batch protein precipitation and disc- 

stack centrifugation. The batch protein precipitation model calculates the enzyme and 

total protein solubilities upon precipitant addition, together with the precipitate phase 

particle size distribution and enables the effects of precipitant concentration and

batch ageing conditions to be predicted. A mass and activity balance is then

completed around the unit operation. The disc-stack centrifuge model is capable of

predicting the separation of a range of biological materials including whole yeast cell, 

cell debris and shear-sensitive precipitate particle suspensions. A centrifuge feedzone 

breakage model has also been developed, which accounts for the shear breakage of 

precipitate particle suspensions that occurs in the feedzone of the centrifuge. The

capacity to predict the much finer particle size distribution which enters the active

disc stack where particle separation occurs enables accurate predictions of separation 

performance to be made. The centrifuge model also enables mass and activity balances 

to be completed around the unit operation.

The models have been linked together so that they predict mass balances around a 

complete process sequence for the isolation of an intracellular yeast enzyme. Pilot- 

scale process verification trials have been conducted for the process sequence. The

simulations and experimental verification trials provide total protein concentration 

and ADH activity data for all streams throughout the process. In the small scale trials 

DNA and cell debris concentration were also measured and simulated. Results show 

that the simulated results follow the trends of the experimental data extremely well. 

The utility of verification trials in indicating where further modelling is required, 

such as the centrifuge feedzone is demonstrated. Process perturbation trials have been 

used to show that the models can be used outside their normal operating conditions.



The models developed for the yeast ADH test bed have also been tested for a process 

for the isolation of p-galactosidase from Escherichia coli. Results have shown that only 

limited experimental data is required to calculate the parameters used in the models 

to effect an accurate simulation.

This thesis demonstrates the use of a combination of modelling and experimental 

verification trials for the design of bioprocesses. Recommendations for future work 

in the areas of further model improvement and development of other unit operation 

models, investigation of simulation frameworks, incorporation of on-line control 

techniques and the use of "what-if" studies are made.
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1. INTRODUCTION.

The uses and advantages of bioprocess simulation have been well documented on a 

number of occasions (Cooney et al., 1986; Evans and Field, 1988; Petrides et al., 1989; 

Gritsis and Titchener-Hooker, 1989). Simulation packages are valuable tools for 

helping to solve both technical and economic problems in order to meet product 

specifications at affordable costs and in a reasonable time-frame. This is especially 

true in the downstream processing of biological materials where it is recognised that 

the recovery and purification of many proteins and enzymes represent a major 

proportion of the total production costs. For example, the recovery costs for (Î- 

galactosidase from an Escherichia coli fermentation are approximately double the 

fermentation costs (Datar, 1986) and are even higher for pharmaceuticals and 

diagnostic proteins, such as monoclonal antibodies. The use of a process simulation 

tool in this instance would alleviate the large time lag between the beginning of 

process development and product success by acceleration of the design processes. This 

is the central theme of this thesis.

1.1 Design of Downstream Processes.

1.1.1 Current Practice.

The systematic process design of downstream recovery and purification processes is 

still in its infancy. Very little published data addresses the rigorous design of 

biochemical processes and this lack of methods and data means that bioprocess design 

is currently performed by recourse to bench and / or pilot-scale trials which are then 

scaled up to production level. Obviously this situation is undesirable. At the 

laboratory scale, the main aim is typically to achieve product purity, requiring many 

stages of operations, whilst at the production level the main aim may well be yield and 

purity, with every effort being made to keep the number of steps to a minimum. A 

rationale for the design of a protein purification sequence has been proposed 

(Wheelwright, 1987). This paper identified that the properties of the protein and its 

contaminants should be considered when selecting the order and nature of the 

separation steps but does little to help specify / size the unit operations to be 

employed. Also, Bonnerjea et al. (1986) analysed publications to identify a systematic 

approach for the isolation of enzymes and proteins. They monitored the number of 

times each unit operation was used as a function of the stage at which it was applied 

in the purification scheme. A common sequence of purification steps was identified 

consisting of extraction, nucleic acid removal, precipitation followed by one or more 

chromatographic steps, usually in the order of ion exchange, affinity chromatography
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and finally gel filtration. However, this analysis is of limited value due to the 

reliance on small scale studies. For the design of integrated bioprocesses in which 

there is neither excessive over or under capacity at each stage a systematic approach 

to the design of downstream equipment is needed. This can be accomplished using 

computer-aided design packages as outlined in the following section.

1.1.2 Computer-Aided Design of Downstream Processes.

Computer-aided design has been used for many years in the chemical processing 

industry, where traditionally the effort has mainly concentrated on creating and using 

mathematical models of both unit operations and processes for process simulation, cost 

estimation, equipment sizing and process optimisation. Recently computer-aided 

design techniques have been applied to the modelling of the actual design procedure 

itself (process synthesis), which cannot be represented by quantitative methods and 

data. An outline of process synthesis and the use of computer-aids follows.

1.1.3 Process Synthesis.

The process synthesis task is to decide what process units are required in order to make 

a desired product, and how the units should be connected together, in a process 

flowsheet. The process synthesis stage generates large volumes of data and frequently 

raises new problems, the result of which may have a profound effect on the feasibility 

and optimality of the process (Niida et al., 1986). Expert or intelligent knowledge 

based systems are ideally suited to solving such process synthesis tasks. However, since 

the scope of this thesis does not include the use of expert systems, only a brief account 

will be given here.

Expert systems are usually used to transform ill-defined unstructured problems into 

more tractable ones, which can then be solved by traditional means, such as 

flowsheeting programs. Expert systems work on the manipulation of symbolic models, 

the most common being "rule based" systems. [Other systems are based on "frames", 

"semantic networks", and "logic" (Lien et a l.,19Sl).]  The expert system consists of two 

basic components:

•  the knowledge base, and,

•  the inference engine.

The knowledge base is where all the data and rules are stored. The data can be 

accumulated through a series of interviews with human experts, from manuals and
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handbooks. The inference engine expresses the human expertise in the form of IF- 

THEN type rules, called production rules. The user inputs the ill-defined problem and 

through a series of reasoning steps the problem is manipulated into a more tractable 

form, eventually leading to a solution. Much of the published literature in computer- 

aided design of bioprocesses has focused on this approach to the process synthesis task. 

Stephanopoulos and Townsend (1986) indicated that the use of an expert system in 

bioprocess synthesis could lead to the selection of the appropriate microorganism, any 

necessary genetic modifications, substrates and solvents etc. for the production of a 

particular material. They developed a computer program to help the decision process 

in two different areas:

•  to identify the most promising sequences of enzyme catalysed reactions for the 

synthesis of a desired chemical, and,

•  to establish the biological feasibility of the selected production route.

Two examples were presented which showed how the use of an expert system could 

assist in the design of molecules and the synthesis of feasible biochemical pathways. 

Stephanopoulos and Stephanopoulos (1986) used an expert system for three different 

problems:

•  the exploration of new production routes for various bioproducts,

•  the design of mammalian cell biofermenters, and,

•  the synthesis of downstream processing sequences for the separation and

purification of proteins.

A program called BioPath was developed for the exploration of new production routes 

for various bioproducts. The program functioned by analysing existing 

microorganisms and assessing the effects of substrate changes on the flux of 

intermediates and products. Rate-limiting steps and regulatory enzymes were also 

assessed. For the design of a novel biochemical process, the most appropriate 

microorganism would be identified, by matching the microorganism with the closest 

possible metabolic characteristics, and suggesting any necessary genetic modifications 

to improve productivity. A second program was developed for the systematic

evaluation of data used in the design of mammalian cell culture systems, for the 

production of monoclonal antibodies. Three domains were defined within the

program; those related to genetic optimisation, those related to configurational 

optimisation and those related to process optimisation. All three domains were linked 

with each other and were therefore able to share information in a common pool in 

order to optimise a given system. A third program was developed for the synthesis of
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downstream processing sequences. This task was approached by making use of 

estimates, empirical correlations and experimental heuristics to identify and develop 

a sequence based around the most critical step. The system consisted of a data and 

knowledge base and reasoning strategies. The data and knowledge base contained 

information about the microorganisms, proteins and process equipment, together with 

sets of heuristic rules, which selected appropriate unit operations, identified design 

procedures, determined the operating conditions and provided initial estimates of unit 

efficiencies. The reasoning strategies identified the most critical step by searching 

for a unit operation within inherent operating condition constraints. Siletti (1988) 

investigated the use of an expert system for the synthesis of protein recovery 

processes. The work focused on the development of a computer program called BioSep 

Designer, which consists of the following components:

•  a set of databases for the necessary design information, eg. proteins and process 

equipment, a methodology for selecting and configuring the process equipment.

•  a procedure that generates, analyses and compares design alternatives, ie, 

mimics the process synthesis procedure.

•  facilities that enable the biotechnologist to participate in the design process.

•  knowledge acquisition facilities that help the user extend the capabilities of 

the system.

The design proceeded in three distinct phases:

•  Solving parts of the problem for which information is available. If the 

required protein and its source are known, then this is usually sufficient to 

specify a sequence of unit operations, though this may not be optimal.

•  When design decisions are to be made, these are based on the predicted effect 

on the entire process. This requires models that enable the prediction of 

performance of the complete process plant and that physical property data be 

available. Unit operations are modelled by sets of equations that relate the 

performance and cost of a unit to its operating conditions and the physical 

properties of the materials being processed.

•  When there is insufficient information to distinguish among the available 

alternatives, then all must be considered. All design alternatives are stored 

until such time that sufficient information exists to distinguish between them.

The user also has the facility to modify a synthetic design or to develop a new one, 

either manually or interactively. BioSep Designer was subsequently applied to the 

design of a recovery process for human immune interferon, produced from an E.coli
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fermentation (Siletti, 1988). In the example 200 intermediate designs were evaluated, 

of which 32 were found to be near the optimal, based on final productivity. Even 

though BioSep Designer had not undergone a formal validation, by comparing BioSep 

Designer with an actual manual design, the test cases studied produced recovery 

processes similar to those used on a commercial scale, indicating the potential of such 

an approach.

1.1.4 Process Simulation.

Process simulation refers to the calculation of material and energy balances for a 

particular process. For a large complex process manual calculation could take many 

months. However, process simulation can be accomplished via the flowsheeting 

program, (a misnomer since the flowsheet has already been developed, when such 

packages are used). The advantages of flowsheet simulation are many, including 

reducing the time taken to develop a process design, reducing the time taken to explore 

changes in the operating conditions, increasing productivity and process efficiency. 

The flowsheet simulation consists of a linked series of models where each describes in 

the form of mathematical equations and expressions the performance of each major 

piece of equipment or unit operation in the process. Each unit model incorporates 

many physical and chemical phenomena (Evans, 1987) and in the case of bioprocess 

simulation, biological phenomena. The stages in process flowsheeting, as described by 

Jackson and Desilva (1985) are shown in Figure 1.1.

The flowsheeting program must be able to handle both multiple components and 

process streams. It must also be possible to link equipment items together in a 

completely unrestricted way (Wells and Rose, 1986). Usually, the total process results 

in a very large number of variables and a smaller number of equations that relate the 

variables to one another. The difference between the number of variables and the 

number of equations is the number of degrees of freedom, from which one can choose 

the operating conditions. The flowsheeting program needs to be sufficiently flexible 

such that the user can determine which variables are dependant and which 

independent. Once this has been accomplished the program must be able to solve the 

various equations which simulate the process system.
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Figure 1.1 Stages in Process Flowsheeting (Jackson and DeSilva, 1985),
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Three structurally different forms of flowsheeting programs exist; sequential modular, 

equation-oriented (simultaneous) and a combination of sequential modular and 

equation-oriented formats (Wells and Rose, 1986). The sequential modular system uses 

subroutines to calculate the output variables as functions of the input variables. That 

is, the sequential modular system starts at the physical beginning of the process and 

proceeds through the logical physical sequence of the process. For solution of the 

problem the process flowsheet must first be partitioned, tear streams are then selected, 

the convergence of the tear streams nested, and the computational sequence 

determined. Partitioning refers to those sets of blocks that must be solved together 

(defined as maximal cyclic subsystem). Tearing determines those streams and 

information flows that must be broken to render each subsystem acyclic. Nesting 

determines which tear streams are to be converged simultaneously and in which order 

collections of tear streams are to be converged. The basis of the equation-oriented 

system is to collect all of the equations describing the flowsheet and to solve them as 

a large system of non-linear differential and algebraic equations. Mathematically this 

can be stated as:

= 0  (1-1)

g(x,y,t)=0 (1-2)

where, x are the state or dynamic variables, y are the algebraic variables, x is 

the derivative of the state or dynamic variables and t is the time.

Most equations generated contain only a few variables, so that the resulting matrix is 

sparse and therefore numerical solutions using methods developed for sparse matrices 

can significantly reduce the large computational times encountered in such problems. 

SPEEDUP is one such program which uses this approach (Sargent and Westerberg, 1964 

and Pantelides, 1988). The main advantage of this system is the complete freedom to 

specify dependant and independent variables. The main disadvantages are that the 

equations are solved simultaneously, which can produce a meaning-less root, or no root 

at all. The simultaneous-modular system uses two types of models; rigorous and simple. 

Rigorous models are used to determine parameters for the simple models, which are 

represented algebraically. The simple models can be solved simultaneously producing 

the required simulation.

For the accurate simulation of unit operations or complete processes the mathematical 

models used in the simulator must accurately represent what occurs in reality. The 

procedures of model development and verification ensure that the models conform to
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accepted standards.

1.1.5 Model Development.

A model can be defined as a description of some real system which is intended to 

predict what happens when certain actions are taken. Most useful models are often 

simplified and idealised, and the boundaries of the system and model are rather 

arbitrarily defined. Model development usually starts with a written description of 

the problem, identifying the inputs and outputs of the model. Next a number of 

simplifying assumptions are made and rules/equations found to relate the input and 

output variables. Finally the model can be implemented into some computer software 

for ease of use. As shown in Figure 1.2. the process of model development is a cyclic 

one which indicates that a model is not created but developed over time with 

adjustments according to deviations from reality. The most significant step in the 

cycle is the translation of available verbal knowledge into a mathematical model. One 

should solve the model equations as soon as possible to get an early global impression 

about the performance of the model. If on solving the equations the results bear no 

resemblance to reality then the model is wrong (i.e. should be discarded) or it requires 

some modification to bring it closer to reality. The parameters used in the model 

equations influence the model result. However, the effect of parameter variation can 

range from very minor to very large. An early impression of the sensitivity to 

particular parameters provides clues to the necessary experimental set-up and for the 

required accuracy of estimation of the parameter values. Finally model verification, 

in which the model predictions are compared with real data, is important to assess how 

the model compares to reality either individually or as part of an overall process.

1.1.6 BioProcess Simulation.

The use and advantages of process simulation packages in general has been 

documented in the previous section (1.1.4). Evans and Field (1988) have provided a 

review of the uses of bioprocess simulation in process development. The bioprocessing 

industry has yet to benefit from the widespread use of such simulation packages, but 

some advances have been made in their implementation. Cooney et al. (1986) outlined 

some of the problems encountered in bioprocess simulation, some more tractable than 

others:

•  The unique unit operations found in a typical bioprocess are little modelled 

and poorly understood,

•  Physical property characterisation methods and data are lacking.
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•  There is a high degree of process interactions between the fermentation stage 

and the following downstream units, and,

•  The presence of batch, semi-batch and continuous operations in a bioprocess.

A large amount of literature exists for the modelling of the initial stages of a 

bioprocess, such as fermentation. However, the later downstream units have been 

neglected, mainly due to the fact that they are less well understood (Gritsis and 

Titchener-Hooker, 1989). The particular procedure adopted for the modelling of 

downstream units depends on the level of knowledge of that particular unit. At the 

simplest level experimental data and curve-fitting routines can be used. At a higher 

level empirical models can be used with experimental data and published literature to 

provide values for model parameters and constants. At the highest level models can 

be derived from first principles. Obviously the simplest models will lack much of the 

predictive capacity necessary for the generation of rigorous designs, whereas models 

derived from first principles should contain sufficient complexity for them to be 

applied in any situation but will require substantial development in the first instance.

The importance of some process interactions in bioprocesses have been documented 

(Fish and Lilly, 1984; Siddiqi et al., 1991; Titchener-Hooker et al., 1991). Their 

presence requires that an integrated approach to process design be adopted in order 

to evaluate the interactions between the unit operations and to ensure that a rigorous 

design is achieved.

1.1.6.1 Development of a Bloprocess Simulator.

Two different methods for the development of a bioprocess simulator have been 

proposed by Gritsis and Titchener-Hooker (1989). The first approach is to adapt and 

modify an existing simulation package used for chemical process design. This would 

include the writing and incorporation of models of any unit operations unique to 

bioprocessing as well as including specific physical property data. The second 

approach proposed was to use research information and data to develop models which 

describe the bioprocess unit operations, and any process interactions. These equations 

can then be solved using s ta te-of-the-art  numerical tools or simulation tools such as 

SPEEDUP. Evans and Field (1988) concluded that the former approach was more 

appropriate. Their argument was based on the large amount of man-years required to 

develop data-base structures, report-writing facilities, numerical methods for equation 

solving and some of the unit operation models. This led to the development of ASPEN 

TECH’S BioProcess Simulator (BPS), which was the first commercially available 

simulation package specific to the bioprocessing industry and was developed by
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Cooney et al. (1986) by adapting the simulation program ASPEN-PLUS. However, 

there are a number of problems associated with this package as outlined below:

The package is based on a sequential-modular architecture and has limited 

capability of dealing with batch processes,

•  The bioprocesses simulated using BPS have consisted primarily of traditional

chemical engineering unit operations and hence are not well suited to 

describing many bioprocesses of interest.

•  Physical property prediction in chemical engineering simulators will not be

applicable to bioprocesses.

•  The predictive capability of the software is severely limited.

A similar software package called BioDesigner is available from Intellicorp Inc. 

(Petrides, 1994), Although again the predictive nature of the models is somewhat 

limited. Gritsis and Titchener-Hooker (1989) adopted the latter approach and 

developed mathematical models for some common downstream unit operations using 

research data. The models were solved using user written FORTRAN subroutines and 

the equation-based flowsheeting package, SPEEDUP. Recently, Narodoslawsky et al., 

(1993) developed a bioprocess simulator known as SIMBIOS. The program has been 

created to be structurally more appropriate to bioprocesses and includes mathematical 

models of most of the common downstream processing unit operations. What is not 

clear is the predictive nature of the models within the software.

1.1.6.2 Bioprocesses and Simulation.

Much of the existing work in the area of bioprocess modelling and simulation has been 

in the areas of fermentation and waste treatment. In particular Ahtchi-Ali (1989) has 

used SPEEDUP for the simulation of various fermentations, and, Farag et al. (1990), 

has used BPS to simulate the operation of a wastewater treatment process. Most of the 

work published in the mainstream bioprocessing area has focused on the use of BPS 

as shown below, with only a small amount of literature describing other methods of 

bioprocess simulation.

Marlatt and Datta (1986) used ASPEN to simulate the fermentation and recovery of 

acetone-butanol and acetone - butanol- ethanol. However, in common with most other 

ASPEN derived simulations, the simulator was only used for that part of the process 

where traditional chemical engineering unit operations were appropriate, and even 

here the application was limited to that of an economic analysis. Cooney et al. (1986) 

used BPS to simulate the recovery of Penicillin G from a fermentation broth. The
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validity of the simulation results were evaluated by comparing the predicted pH of 

extraction with that actually used in practice. The economic feasibility of exchanging 

different unit operations was examined by plotting an operations curve, defining 

percentage efficiency plotted against a common process variable for the two 

operations. Cooney et al. (1986) also used BPS for the simulation of a process

producing proteolytic enzymes (used in detergents). The simulation was used to size 

the equipment and to perform an economic analysis. However, no formal model 

validation was provided in the paper. Petrides et al. (1989) simulated the production 

of porcine growth hormone (pGH) from a fermentation of genetically engineered 

Escherichia coli, using BPS. The input data consisted of performance characteristics 

for each unit operation, derived from laboratory and pilot plant experimental data. 

The output from the simulation gave the final product quality and quantity, as well 

as an economic analysis to test the feasibility of the process. Healey et al. (1990) used 

BPS to simulate and design a multiproduct processing facility, which was to produce 

a range of bioproducts at the lowest possible manufacturing costs. Field (1990) 

provided a detailed description of the unit operation models available within ASPEN 

TECH’s BioProcess Simulator (BPS). In all of these cases little by way of experimental 

verification of the predictions is evident.

Using the alternative approach outlined in the previous section Gritsis and Titchener- 

Hooker (1989) modelled the units of ultrafiltration, precipitation and centrifugation, 

in a hypothetical process for the purification and recovery of an extracellular product. 

In the process the downstream processing equipment was fed from a batch 

fermentation producing an extracellular product. The simulation was performed using 

s ta te-o f-the-art  numerical techniques and showed an optimal operating point for the 

ultrafiltration unit. The problem was then recast into an optimisation problem which 

was solved using Successive Quadratic Programming (SQP). However, no model 

validation was described or any indication how this process or simulation could be 

used in real situations. Siddiqi et al. (1991) identified and modelled the process 

interactions between a high-pressure homogeniser and the subsequent centrifugation 

step for the removal of cell debris, in a typical downstream process train for the 

recovery of an intracellular product. It was shown how properties such as viscosity 

and particle size affect the efficiency of the centrifugation step. Middleberg et al. 

(1989) used the equation-oriented package SPEEDUP for the design and optimisation 

of a centrifuge step in a process producing porcine growth hormone (pGH) from a 

genetically modified fermentation of Escherichia coli. The centrifuge was identified 

to represent the major operating cost and was therefore optimised with regard to its 

operating parameters of volumetric flowrate etc. It was shown that to obtain the best 

centrifuge performance, the upstream processing units needed to be taken into
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account. In a second paper based on the recovery and purification of protein inclusion 

bodies from £.co/t, Middleberg et al., (1992a) modelled process interactions between the 

combined homogenisation and centrifugation steps using SpeedUp. In the process the 

inclusion bodies were fractionated from the cell debris using a disc-stack centrifuge. 

It was identified that disruption for 2 passes released 99 % of the inclusion bodies but 

led to poor fractionation of the inclusion bodies from the cell debris, due to the large 

size of the cell debris. Homogenisation for 4 passes produced much smaller cell debris 

and thus improved fractionation of the inclusion bodies from the cell debris, which 

illustrates the importance of incorporating process interactions in the simulations. 

Bogle et al. (1991) used SpeedUp and Mathematica for the design and optimisation of 

a process producing porcine Somatotropin (pST) from a fermentation of genetically 

modified Escherichia coli. The results of the modelling were also to be used to indicate 

areas for further research. Bogle et al. (1991) identified a number of process 

interactions between the unit operations and it was therefore necessary to consider 

several of the unit operations simultaneously. By matching model predictions with 

experimental data it was possible to postulate mechanisms for product formation. 

However, a number of assumptions were made in the modelling and the relationship 

between homogeniser pressure and number of passes with the cell debris size

distribution was unquantifiable. Middleberg et al., (1992b) developed a model for the

disruption of E.coli for 1 homogeniser pass and provided experimental data for model 

verification. The fraction of cells disrupted was provided as the product of the

distribution of effective cell strengths and the distribution of stresses in the

homogeniser. The effective cell strength distribution was given as a bimodal normal 

distribution with terms for non-septated cells and septated cells. In the model 

disruption was completely described by two physically meaningful parameters for a 

given homogeniser ; a mean effective cell strength and a septated volume fraction of 

the bacterial population. It was proposed that the model accounted for process 

interactions between the fermenter and homogeniser. In a second paper Middleberg 

et al., (1992c) provided a correlation for the mean effective cell strength which was 

dependant on the cell strength and the degree of crosslinkage. In a third paper 

Middleberg (1993) extended the homogeniser model to include multiple passes by 

incorporation of one parameter, the number of passes, N.

1.1.7 Conclusions

The many benefits of the use of simulation tools in bioprocess design have been 

provided earlier. There are two alternative approaches to the development of a 

bioprocess simulator, namely, the adaptation of an existing chemical process simulator 

or the use of research information and data to describe the unit operations and
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interactions. Both approaches require the development of mathematical models for the 

unique unit operations found in a typical bioprocess. During such model development, 

parameter estimation routines and model verification trials need to be developed.

The following section presents a literature review of the modelling of two common 

downstream unit operations which will be examined further in this thesis. The review 

will be divided in two sections ; one covering the modelling of protein precipitation, 

and the other covering the modelling of centrifugation.

1.2 Modelling o f Precipitation.

Protein precipitation is one of the most important and widely used unit operations for 

the laboratory and industrial recovery, and purification of proteins. There are 

generally two methods for precipitating proteins. The first is where high 

concentrations of the precipitant are added which change the nature of the solvent 

environment. The second method is where a low concentration of reagent is added 

which interacts directly with the protein particles. The most common methods used

for protein precipitation are salting-out, isoelectric precipitation and polyelectrolyte

precipitation. These methods and others are reviewed in Appendix A2,

The main issues involved in the modelling of a precipitation stage are two-fold. 

Firstly, the model needs to be able to describe accurately the changes in solubility 

upon addition of the precipitant, and secondly, to describe the subsequent particle size 

distribution (PSD) produced. The following sections outline some of the methods used 

to describe the solubility and the particle size distribution of precipitating systems.

1.2.1 Solubility Considerations.

In the modelling of any protein precipitation process it is important to be able to 

predict the changes in protein solubility on addition of the precipitant. A small 

number of theories have been proposed ranging from fundamental approaches to 

totally empirical ones. The theories tend to fall into two categories; those dealing with 

the salting-out of proteins and those dealing with precipitation by non-ionic polymers 

such as PEG.

One of the first theories of protein solubility was proposed by Debye and Huckel 

(1923). This theory was based on the calculation of chemical potentials and was highly 

mathematical. Kirkwood (1934) modified the approach of Debye and Huckel by only 

considering ion-dipole interactions, which made it possible to take into account
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salting-out effects. Kirkwoods model gives an approximate expression for the work 

expended in changing a dipolar ion in the presence of a surrounding ion atmosphere, 

and is valid in the limiting case of an infinitely dilute solution. This expression was 

then applied to the model system of a sphere with a point dipole at its centre. The 

dipolar ion is treated as a cavity of low dielectric constant in which the surrounding 

ions are distributed. Kirkwoods model can be written as:

log (1.3)

f(bi/ac)=1.96 when bj/ac=0.9 

f(bi/ac)=1.00 when bi/a(-=0.0

where S is the protein solubility, Sg is the protein solubility at zero ionic 

strength, I is the ionic strength and is given by l/22CgZ^, Cg is the salt concentration, 

z is the ionic charge, p is the ionic dipole moment, Dj^ is the dielectric constant of the 

medium, T is the absolute temperature, bj is the ionic radius, a(- is the collision 

diameter and is given by bj+(mean ionic radius), and A and B are constants for a given 

dipolar ion.

The expression can be separated into two parts, one proportional to p/(Dj^T)^, which 

is the contribution from the electrostatic interaction of the dipole and surrounding 

ions and corresponds to the salting-in effect, and the second, proportional to (Dj^T)'^, 

which is independent of the dipole moment and corresponds to the salting-out effect. 

The main problem with Kirkwoods expression as outlined by Puett et al. (1965) is that 

the salting-out term is only a minor one and this does not correlate with that found in 

practice. Also Kirkwoods limiting law would predict an overall salting-in over the 

limited range of salt concentration where it might be applicable. Puett et al. (1965) 

related the salting-in and salting-out processes to the thermodynamic parameters of 

state enthalpy and entropy, both measured indirectly by variations in swelling and 

intrinsic viscosity of the protein with changes in salt concentration. They concluded 

that a detailed account of the salt on the solvent was required for a rigorous 

description of solubility. Melander and Horvath (1977) used a theoretical treatment 

to describe the salting-out of proteins as a balance between a salting-in process due to 

electrostatic effects of the salt and a salting-out process due to hydrophobic effects. 

Protein solubility was given by a dimensionless form of the Cohn equation (Cohn, 

1946).

In s ] (1.4)
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where P is a constant, I is the ionic strength and is the slope of the overall 

salting-out curve and is given by the following equation.

Jf, = (1.5)

where the relative surface hydrophobicity (Û) determines the contact area

between the protein molecules.

At higher salt concentrations the attractive force between the hydrophobic areas is 

increased due to greater induced dipoles (o^). Concomitant with this increased

salting-out effect is the further development of layers of like charges on the

molecules, thereby increasing the repulsion between the molecules (Xp). The type of 

salt determines CQ and is governed by the molal surface tension increment of the salt. 

The protein type determines Q and generally is much greater than Xp. Therefore

maximum solubility is reached at relatively low salt concentrations, the solubility 

decreasing very rapidly at higher salt concentrations.

A less detailed approach was taken by Cohn (1946) who used semi-empirical

expressions to describe protein solubility. Cohn suggested that the observed fall in 

protein solubility with increasing salt concentration could be represented by a simple 

linear equation of the form:

log 5 = p -  C, (1.6)

where S is the protein solubility, Cg is the salt concentration, p and Kg are 

constants for a particular protein-salt system.

The constant P is dependant on protein type, pH and temperature of the system, whilst 

the constant Kg varies with precipitant type, but is independent of pH and 

temperature. Equation (1.6) has been widely used especially in the area of blood 

plasma fractionation, however, the main problem with equation (1.6) is that it only

describes the linear portion of the solubility curves and not the areas of fast solubility

transients which are of more relevance to the operation of a precipitation process.

A totally empirical equation was adopted by Niktari et al. (1990) and was used 

successfully in on-line control applications [equation (1.7).]

E  =  i  (1.7)
1 + (C ,/o)«

where E is the fraction of enzyme remaining soluble, Cg is the salt 

concentration expressed as % saturation and a and m are constants.
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The equation was used to model the solubility of Yeast alcohol dehydrogenase (ADH) 

and total protein. Two different curves of the form of equation (1.7), one below and 

one above 50 % ammonium sulphate saturation, were used to model the total protein 

solubility curve. The main advantage that this equation has over the Cohn equation 

is that equation (1.7) can successfully predict the complete solubility curve.

A fundamental approach to non-ionic polymer protein precipitation has been taken 

by Mahadevan and Hall (1990). Their model was developed to predict the solubility 

of pure roughly spherical globular proteins. In their approach statistical-mechanical 

perturbation theory and the volume-exclusion principle were used to calculate free 

energies from which the solubility curves for varying protein-polymer diameter ratios 

were obtained. The theory was developed by treating the precipitation as an 

equilibrium phase separation using standard techniques of statistical mechanics. The 

first step is the calculation of an effective protein-protein interaction potential (or 

potential of mean force) using models for protein-protein, protein-polymer and 

polymer-polymer interactions. Perturbation theory was then used to calculate 

chemical potentials and pressure for each phase. Next, a thermodynamic stability 

analysis was employed to predict phase transformation, and thus a complete phase 

diagram was generated. Protein solubility was given by the following equation.

log S = log
6000 (J>2 Af,

n A V

(1 .8)

where <t> 2 is the volume fraction of the protein in the liquid phase at 

equilibrium with the solid or precipitate phase, M 2  is the protein molecular weight, d 2  

is the diameter of a protein molecule and N^y is the Avogadro number of molecules 

(used for conversion from molar to mass units). If the size of the globular protein is 

unknown then solubility can be calculated using partial specific volume and hydration 

of the globular protein, given by the following equation.

log S = log
1000 4)2 (1 .9)

where is the inverse specific density of water (solvent), V 2  is the partial

specific volume of the solute and ôj is the hydration of the protein measured in 

gH20/gProtein.

An electrostatic repulsion term was added to the intermolecular potential so that the 

model would take into account such parameters as pH and ionic strength. The model 

was tested against the precipitation of fibrinogen, thyroglobulin, y "globulin and
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aldolase using PEG as the precipitant. The results showed reasonable qualitative 

agreement. The lack of quantitative agreement was thought to be due to the non

sphericity of the globular proteins. As outlined by the authors the model is only 

qualitative and is not yet a tool to be used to obtain realistic values for protein 

solubility. Mahadevan and Hall (1992) expanded their work to include protein binary 

mixtures by inclusion of a co-existence term, although the model did not allow for 

solid-phase mixtures (co-precipitation). The model predicted that the size of the 

protein was the most important criterion in determining which protein precipitates 

under a given set of conditions. The charge on the protein was also shown to play a 

significant role in determining the solubility behaviour of proteins in a binary 

mixture. In this study the model was not verified against experimental data.

Foster et al. (1973) using the semi-empirical approach of Cohn represented the 

precipitation of alcohol dehydrogenase, fumarase and invertase from Saccharomyces 

cerevisiae using PEG, as a simple linear equation of the form:

log S = X -  a C (1 10)

X = f ^  (1.11)
Rg t

where S is the protein solubility, C is the polymer concentration, p is the 

chemical potential of the protein, pg is the standard chemical potential of the protein, 

R q is the universal gas constant, T is the absolute temperature and X and a are 

constants. Foster found at high protein concentration and at pH values distant from 

the isoelectric point an alternative expression was better suited:

l o g s  ^ f j , S  ^ X -  a C  (1.12)

where fp is a protein self-interaction coefficient.

Clark and Glatz (1992) presented a model for the precipitation of egg white protein 

by carboxymethylcellulose (CMC). Protein solubility was modelled using a similar 

approach to Kirkwood (1934) and Melander and Horvath (1977). Fractionation of the 

proteins was modelled using a Langmuir isotherm approach. The model was verified 

experimentally using ovalbumin and lysozyme, and good agreement between the 

experimental and modelled data was observed.

In summary, the most useful equations from the point of view of precipitation 

modelling are the semi-empirical models of Cohn and Foster er a/., and the empirical
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models of Niktari et al. This is because the only parameters needed to describe 

successfully protein solubility are the precipitant concentration and parameters 

relating to the protein, pH and temperature. However, values for these parameters are 

rarely found in the literature and experiments are therefore required to calculate 

them.

1.2.2 Fractional Precipitation.

The principal aim of fractional precipitation is to isolate selectively the target protein 

from as many as up to a thousand contaminants. This is commonly performed on a 

two-cut basis, where, in the first cut unwanted low solubility proteins are recovered 

in the precipitate phase with only a small amount of the desired protein product being 

precipitated. In the second cut the majority of the desired protein with some 

contaminating protein is recovered as the precipitate phase. Once the solubility 

profiles have been fixed either experimentally or by modelling there is a need to 

optimise the point at which the cuts are made so that acceptable purification factors 

and yields are obtained. There are four methods aimed at dealing with this 

optimisation, namely, an empirical method (Scopes, 1982), the specific property 

solubility test (Falconer and Taylor, 1946), the derivative line method (Dixon and 

Webb, 1961) and the fractionation diagram (Richardson, 1987). The first two methods 

were developed for fairly clean systems, with well defined solubility behaviour, 

whereas the methods developed by Scopes and Richardson et al. can deal with crude 

cell extracts and are of more relevance to real process feedstocks.

1.2.2.1 Empirical Fractionation Cuts.

In 1982 Scopes provided an iterative technique for establishing the position of 

fractionation cuts, in an ammonium sulphate precipitation system. The procedure for 

finding an optimum fractionation was prone to significant error unless a large number 

of trials were carried out with gradually decreasing cut widths, thus making the 

method rather laborious and unsuitable for process use.

1.2.2.2 Specific Property Solubility Test.

Falconer and Taylor (1946) provided a technique for representing the fractionation 

of any protein possessing a unique associated property, such as enzymic activity, as 

shown in Figure 1.3. For a pure protein a straight line would be expected, passing 

through the origin, however, the curve represents the precipitation of an enzyme 

together with a more or a less soluble protein contaminant. The section of the curve
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AB represents the precipitation of the less soluble contaminant. At point B, the 

solution becomes saturated with respect to the active component, which separates from 

solution along BC. At point C, the solution is saturated with the more soluble 

contaminant, which precipitates along CO. The slope of the tangent DE (EF/DF) gives 

the specific activity of the pure enzyme. The composition of the solution at any point 

K on BC, in terms of the ratios of the more soluble contaminant to enzyme to less 

soluble contaminant is given by the lengths KL, LM, and MN respectively. The most 

favourable conditions for the purification of the active component will occur when 

the curve BCD approaches its tangent ECD as closely as possible. The precipitation 

conditions should therefore be manipulated to reduce the area BCE. A mathematical 

analysis was also provided for a three protein system, based on the fact that they all 

could be described by the Cohn equation. The method was then successfully applied 

to the final stages of purification of liver esterase. However, the method could not be 

applied to crude cell homogenates, due to the requirement of a discontinuity in the 

protein solubility curve as each individual protein precipitates. In a system containing 

a large number of proteins the discontinuities become indistinguishable, thus 

preventing the drawing of suitable tangents.

1.2.2.3 Derivative Solubility Line Method.

In 1961, Dixon and Webb presented a method for the representation of the 

fractionation of one protein from another, as plots of solubility curve gradient against 

precipitant concentration. The curves are characterised by a vertical boundary 

corresponding to the initiation of precipitation, and a trailing boundary as shown in 

Figure 1.4. If the protein can be described by Cohns’ equation then the trailing 

boundary will be exponential, with a peak width determined by Kg and position 

determined by P and the initial enzyme concentration. If the enzyme solubility is 

expressed on the basis of the initial volume of protein solution, i.e. adjusted for 

dilution by the precipitant, then the area under any portion of the curve represents 

the amount of that protein precipitated between the cuts. The main advantage of this 

method is that it clearly shows the fractionation procedure and the precipitant 

concentrations required can easily be found. It is possible to consider the 

fractionation of two or more proteins on the same diagram. Also, the method does not 

rely on the proteins following typical Cohn behaviour, although this is desirable since 

otherwise a large amount of data would be required to construct appropriate tangents. 

The main short-coming is that Dixon and Webb did not provide any indication of how 

an individual protein could be fractionated with respect to total protein concentration. 

Although this may be possible, the Cohn equation is unlikely to fit the total protein 

solubility curve.

37



1.2.2.4 Fractionation Diagrams.

If the traditional method of plotting enzyme and protein solubility is considered, both 

the enzyme and protein concentrations are plotted per volume of initial protein 

solution to allow for concentration changes due to the addition of precipitant. 

Generally, the enzyme is assumed to follow Cohns’ equation, which gives an 

exponential decline in solubility. However, there is no model available for total 

protein that adequately describes the solubility, except for a summation of all the 

individual Cohn lines comprising the protein. Obviously this is an inadequate 

situation, although it has been suggested that the curve approaches a sigmoidal shape 

(Chan et al., 1986). From the diagram shown in Figure 1.5 it is possible to determine 

fractionation cuts to purify the required enzyme, however, it is not possible to find 

the degree of purification obtained or how near optimum this is.

Richardson et al. (1990) provided an alternative fractionation diagram by eliminating 

the precipitant concentration between the enzyme and protein solubilities, and plotting 

the former against the latter. A typical plot is shown in Figure 1.6. The curve 

produced in these plots represents the process equilibrium curve. With reference to 

Figure 1.6, as the precipitant concentration is increased the profile remains stationary 

at point A, as long as both the enzyme and other proteins are totally soluble. 

Afterwards, components of the total protein reach their solubility limit and the 

concentration decreases horizontally along AB, until at point B the solution becomes 

saturated with respect to the enzyme, and the solubilities of both enzyme and total 

protein decrease along the curve BCDE. Since the curve represents the process 

equilibrium, an operating tie-line can be drawn onto the diagram. In this case the 

operating tie-line can be obtained by considering the process parameters that give the 

degree of enrichment and the quantity of product required, namely purification factor 

(PF) and the yield (Y) respectively. Assuming that the quantity of enzyme and total 

protein in the feed stream are known, then for a two-cut fractionation:

PF = (1.13)
-  ^2

Y = E^ ~  (1-14)

To optimise the purification factor for a specific yield it is necessary to maximise the 

gradient of the tie-line. This can be done graphically using the fractionation diagram, 

although it is time - consuming, or via a search algorithm developed by Richardson et 

al. (1990), to maximise the gradient of the tie-line. The fractionation efficiency can
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be viewed better if purification versus yield plots are used. These can be obtained by 

maximising the operating tie-line gradient for a range of yields, at different dilutions, 

prior to precipitation as shown in Figure 1.6. In general, the curves show a fairly 

rapid rise in purification as the yield is initially decreased from 100 %, indicating that 

there may be an advantage gained by aiming for less than 100 % recovery. If the yield 

is reduced much below 75 %, the slope of the curve becomes less steep and little benefit 

is to be gained by trading-off yield for purification. The purification factor and yield 

from a fractionation diagram are found assuming an ideal equilibrium stage. In 

practice the true operating points will be offset due to two opposing effects:

•  Soluble material lost due to occlusion in precipitated material removed in the 

solids underflow,

•  Precipitated material remaining in the soluble stream due to the inability of 

industrial centrifuges to remove small, or less dense precipitate particles.

These effects can be significant for highly concentrated protein streams and/or poorly 

dewatered precipitates. The purification and yield given by equations (1.13) and (1.14) 

can be adjusted to take into account the above effects as follows:

PF = ^  + f f )
(F; -  + f H  - (F; -  + F ^ ^

Y  = (F,* -  + F ^ )  -  (F; -  + E ^ )

where * refers to the equilibrium condition, OC refers to the fraction occluded, 

and NR refers to the non-recovered fraction (Richardson et al., 1990).

In summary, fractional protein precipitation can be used to isolate selectively a target 

protein from as many as a thousand contaminants. However in order to achieve 

acceptable purification factors and yields the position of the cuts needs to be 

optimised. Four methods are available for this optimisation, namely, an empirical 

method (Scopes, 1982), the specific property solubility test (Falconer and Taylor, 1946), 

the derivative line method (Dixon and Webb, 1961) and the fractionation diagram 

(Richardson, 1987). However only the empirical method and fractionation diagram 

have the capability of dealing with crude cell extracts.
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1.2.3 Particle Size Distribution Considerations.

This section provides a review of the modelling of the particle size distribution (PSD) 

of the precipitate phase, relating the PSD to the operating conditions within the 

precipitation reactor. This has generally been accomplished by the use of a population 

balance. However, kinetic equations for growth and breakage are required. The 

following sections consider these two processes.

1.2.3.1 Protein Precipitate Aggregate Growth.

The most commonly used theory to describe the kinetics of aggregate growth is that 

given by Smoluchowski (1917), where precipitate nucléation and particle growth by 

the process of aggregation are distinct processes, and are controlled by different 

mechanisms. Nucléation involves the removal of any barrier to molecular aggregation 

which will allow growth to proceed at a rate controlled by the particle number 

concentration and the diffusivity. These two forms of aggregate growth are known as 

perikinetic and orthokinetic growth respectively.

Smoluchowski’s theory applied to perikinetic aggregation gives the initial rate of 

decrease of particle number concentration, N, in a mono-sized dispersion as:

-  Ê i  (1.17)
dt ^

where, is the rate constant. The rate constant is dependant on the 

diffusivity, Df and the particle diameter, d, and can be found using the following 

equation :

= S Ti D ^d  (1-18)

For the purpose of modelling equation (1.17) can be expanded to give:

^  = I  a [ S  2 n (4  + <9(D,. + Dp N, Nj ]

-  a W, [ E 2 n (4  * Dp  N,]

* I  a [ 8 11 d. D , nJ ] (1.19)

where the subscripts i, j and k define particle sizes, where for collision
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purposes:

dl = + £  ( 1.20)}

The first term describes the formation of particles of diameter d^ by collisions of 

smaller particles. The second term represents the rate of loss of particles of diameter 

d^ by collisions, and the third term accounts for collisions between like particles in the 

second term which have been counted twice.

Equation (1.17) given previously does not take into account the presence of any 

electrical barriers around the particle which decrease the rate of aggregation. Fuchs 

(1964) proposed the following equation to account for this phenomenon:

-  ËK = ^  (1.21)
dt W

where, W is the stability ratio and is defined by the following equation:

w  = d r ^ ^ \ m i K , T ] d h  (1.22)
(h * d f

where, h is the particle separation distance, Kg is Boltzmann’s constant, and, 

(J)(h) is the potential energy of interaction between two particles. The stability ratio, 

W, cannot be easily evaluated and the above theory does not allow for the presence of 

a hydration barrier of associated water around the molecule. Also, protein association 

may not be the limiting step in the process of precipitation, especially at the start of 

the precipitation process where the removal of the hydration or electrical barriers can 

be very slow.

After nucléation and the initial stage of perikinetic growth the influence of 

hydrodynamic shear in the ageing vessel will cause particles larger than a certain size 

to collide. These collisions lead to an increase in the overall particle size. 

Smoluchowski’s theory for orthokinetic aggregation gives the rate of decrease of 

particle number concentration, N, for a suspension of uniformly sized spherical 

particles, in a uniform shear field as:

(1.23)
dt 3

where, d is the particle diameter, G is the uniform shear rate, and, clq is the 

collision effectiveness factor. For the purpose of modelling, equation (1.23) can be 

expanded to give:
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dN,

Z  ^ (4  * G w,

^ 4 g n î

If the volume fraction of particles, <l>y is defined as:

. n (P N
4>v = ---- :—

(1.24)

(1.25)

and is assumed to be constant during aggregation, then equation (1.23) can be rewritten 

as:

Integration of equation (1.26) gives:

= Nq exp (-  4 G r / 7i)

(1.26)

(1.27)

There are a number of deviations from these equations in practice. These are due to 

several assumptions in Smoluchowski’s theory for orthokinetic aggregation. One 

deviation is that two particles on a direct collision course will tend to follow the fluid 

stream lines around each other, hence reducing the number of actual collisions. Also, 

evaluation of the shear rate, G, can be difficult. In laminar systems the shear rate 

varies with position in the shear field and usually an average shear rate is used. In 

turbulent flow systems the shear rate is variable since the shear field is non-uniform 

and variable at any point with time. A turbulent fluid can be characterised by the 

Kolmogorov turbulence microscale, q, which gives a measure of the size of the eddies 

in the fluid.

V
e

1/4
(1.28)

where, u is the kinematic viscosity, and, € is the energy dissipation per unit 

mass of fluid. Usually the protein aggregate will be smaller than the microscale 

length. Saffmann and Turner (1956), proposed the following equation for the decrease 

in particle number concentration, N, for neutrally buoyant particles in a homogeneous
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turbulent flow field.

dN
dt

1.294
8

(1.29)

where, dj and d 2  are particle diameters. For a monosized suspension equation

(1.29) becomes:

—  = 0.647 (P 
dt

(1.30)

Camp and Stein (1943) proposed that the average shear rate in Smoluchowski’s 

equation for orthokinetic aggregation can be estimated on the basis of the power 

dissipation per unit volume.

-  G = (1.31)

which gives:

dt 3

1/2
IP (1.32)

The theory of Camp and Stein has been applied to the design of water treatment 

flocculation plants. They also proposed the dimensionless Camp number as:

Ca = G t (1.33)

Virkar et al. (1982) modelled the orthokinetic growth of soya protein precipitate using 

Smoluchowski’s theory. The results showed some agreement with experimental values 

over the initial period of growth, but large deviations occurred as the aggregates 

approached an "equilibrium" size. Hoare (1982 b) modelled the growth of Casein in an 

ammonium sulphate precipitation using Smoluchowski’s theory. Again, the results 

showed good agreement over the first few seconds of growth, but large discrepancies 

occurred thereafter.

1.2.3.2 Protein Precipitate Aggregate Breakage.

Protein aggregate break-up is an important phenomenon, especially since the final 

particle size is a major determinant in the efficiency of any subsequent solid-liquid 

separation process. Glatz and Fisher (1986) presented a review of the modelling of 

precipitation and concluded that further research was required for an adequate 

description of aggregate breakage. Glasgow and Luecke (1980) proposed four
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aggregate breakage mechanisms:

•  deformation and rupture, resulting from fluctuating dynamic pressures,

•  erosion of primary particles from the parent structure by hydrodynamic shear,

•  collisional fragmentation, and,

•  fragmentation by hydrodynamic shear.

Most models developed to describe aggregate breakage have assumed that collisional 

events are negligible compared to shear induced events. Kao and Mason (1975)

observed that similar irrotational flows removed fragments from non-cohering

aggregates with greater efficiency than simple flows. Pandya and Spielman (1983) 

using a population balance model, found that the average number of daughter 

fragments produced upon rupture of an individual floe was about 2.5, thus 

approximating to binary breakage. Tomi and Bagster (1978a,b) proposed that break-up 

would result in a final maximum stable aggregate size. A force balance between 

aggregate strength and the induced stress was used to give the upper size limit of the 

aggregate, d^^^, as:

« €‘  ̂ « (1-34)

w here, for d » T i

Y=0 for d«T)

Y=0.5 for d»T]

where, t| is the Kolmogorov microscale, e is the power dissipated per unit mass, 

G is the average shear stress, and N is the agitator speed. Tomi and Bagster (1978) also 

used the data of Reich and Void (1959) to calculate values for y  for ferric oxide 

aggregates and carbon black aggregates. Values for y were in good agreement with 

that of Tomi and Bagster (1978). Parker et al. (1972) proposed that floe break-up 

occurred by the mechanisms of surface erosion caused by turbulent drag. The 

maximum stable floe size could therefore be defined at which the maximum stress on 

the floe surface was equal to the surface shear strength. The Kolmogorov scale was 

used with a force balance to give:

« G'" (1 .35)

where, n=2 for d » Y k , and, n=l for d«Yk-

Tambo and Hozumi (1979a,b) using a similar approach to Parker et al. (1972) 

investigated the maximum stable size theory, taking into account the floe porosity. 

Their argument for including the voidage was that as the voidage increased the 

greater was the probability of a breakage event occurring. In this case the maximum
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stable diameter was given by:

d > Yt (136)

d .. .  .  (1.37)

where Kp is a constant. Values for Kp were provided for clay-alum floes.

Twineham et al. (1984) described the rate of aggregate size change as a function of 

displacement from a final aggregate diameter, df. For collision-controlled growth and 

break-up this was given as:

^  = a: (d, -  d)" (1.38)
dt ^

where k is the rate constant and was given as a direct function of collision rate:

(1.39)

Thomas (1964) described a mechanism which assumed that the rupture of large floes 

was balanced at equilibrium by aggregation, resulting from small particle collisions. 

This resulted in the following equation.

^  ^ Ng -  K N. (140)
dt ^ ^

where the subscript B represented the larger floe which was assumed to be 

undergoing bulgy deformation and rupture to produce a smaller floe of size A.

Brown and Glatz (1987) reviewed the models presented and compared them to 

experimental data obtained from the break-up of isoelectric soy protein aggregates. 

Their results suggested that models based on maximum stable size were inadequate, 

mainly because they contained no information on the kinetics of the process. The 

displacement model proposed by Twineham et a/. (1984) fitted the data well although 

there was no theoretical justification. The number concentration models, such as that 

presented by Thomas (1964) was found to be the best for nearly all cases studied.

1.2.3.3 The Population Balance.

The population balance was first elucidated by Hulburt and Katz in 1964, and since 

then it has found widespread use in many particulate processes, such as crystallisation.
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aerosol formation and comminution processes. The theory behind the population 

balance will not be described in detail here, since a good review has been provided by 

Randolph and Larson (1971) and Ramkrishna (1985). This section will outline the 

methods used by various authors employing a population balance to describe the 

particle size distribution for protein precipitation systems.

A general population balance, based on size, for a batch system of constant volume has 

been given by Randolph and Larson (1971) as:

dn  ̂  ̂ B . -  D.  (1.41)
d t  d d R *'R

where n is the population density function, Bj  ̂ and are the birth and death 

rates and is the growth rate.

In addition a general population balance, based on size, for a continuous system of 

constant volume has been given by Randolph and Larson (1971) as:

ÈE * + D ,  -  B. = -  E  (1.42)
d t  d d  R R y

where, is the flowrate into and out of the system and V is the vessel volume.

The main problem with these equations lies in defining kinetic equations for growth, 

birth and death rates. Table 1.1 shows the kinetic equations used by various authors 

in their investigations.
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Table 1.1 Growth, Birth and Death Terms Used in Population Balances 

for Protein Precipitation Systems.

Author Mechanism Equation Dependence on 

size

Grabenbauer Growth GR(d)=Ko Independent

and Glatz (1981) Death DR(d)=Kid'^n(d) Non-linear

Birth BR(d)=2Dn(2^/^d) Non-linear

Pentate and Growth GR(d)=Kod Linear

Glatz (1983) Growth GR(d)=K’d" Non-linear

Death DR(d)=Kjn(d) Independent

Death DR(d)=Kj’d«n(d) Non-linear

Birth BR(d)=0 No birth term

Glatz, Hoare Growth Linear

and Landa-Vertiz Death DR(d)=Kjd®n(d) Non-linear

(1986) Birth BR(d)=f.D(fl/3d) Non-linear

Fisher and Glatz Growth GR(d)=Kod+KB/d Linear

(1988) Growth GR(d)=Ko(d+m)+KB g/d Linear

Death DR(d)=Kid'^n(d) Non-linear

Death DR(d)=Ki’d®n(d)2 Non-linear

Birth BR(d)=f.D(fl/3d) Non-linear

Grabenbauer and Glatz (1981) used the population balance given in equation (1.42) to 

model a steady-state isoelectric precipitation of soy protein, with no particles in the 

inlet stream. The vessel was assumed to be well-mixed so that the outlet distribution 

was identical to that in the vessel. The growth of aggregates by flocculation of 

primary protein particles was considered to be the rate-controlling step in size- 

independent differential growth. The value G^ was used to represent an average 

growth rate for all sizes present. Birth and death terms were assumed to come from 

the mechanism of aggregate breakage. Particle breakage was assumed to occur by 

splitting of the aggregate into two daughter fragments each with half the original 

protein content, and was modelled as a first-order process with the rate constant 

treated as a power law function of size. Hence the final population balance to be
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solved was:

Gr —  K  n i^ d )  -  K  n{d) (1.43)
 ̂ dd X

The parameters G^, k and P were determined by an iterative least squares fitting of 

the linearised form of equation (1.43). The particle size distributions were calculated 

by numerical integration of equation (1.43), using a Runge- Kutta procedure, and good 

agreement was achieved between predicted and experimental results. However, an 

initial estimate of the particle size distribution was required for successful results. 

This was provided in the form of a least squares polynomial fit of the experimental 

data. Pentate and Glatz (1983) modelled the particle size distribution of the isoelectric 

soy protein precipitate in a continuous stirred tank reactor. The population balance 

given by equation (1.42) was used with a linear and a non-linear growth function. For 

non-linear growth the efficiency of a collision was a function of the particle size. The 

four basic breakage mechanisms described earlier were considered and it was assumed 

that death occurred as a result of hydrodynamic forces. Two forms of the death 

function were presented, a linear death rate and a non-linear death rate. The birth 

rate was assumed to be negligible since breakage was based on the concept of 

’thorough’ breakage (i.e. one particle breaks into many small particles of negligible 

size), although this means that the mass of the precipitate phase is not conserved 

during breakage. The results of the modelling gave six combinations of equations to 

describe the PSD. These are as follows:

linear growth with no breakage, 

linear growth with linear breakage, 

linear growth with non-linear breakage, 

non-linear growth with no breakage, 

non-linear growth with linear breakage and 

non-linear growth with non-linear breakage.

Each model was evaluated against experimental results and it was concluded that 

collision efficiencies are high when one of the particles is small and that aggregate 

size was limited by particle breakage. Particle size distributions for particles greater 

than 1-2 pm were modelled successfully, with the assumption that breakage generated 

fragments below the size limit given and that growth was via additions of particles 

below this size. The equations were solved analytically using a least-squares routine 

to fit equation parameters to experimental results.

Glatz et al. (1986) modelled the isoelectric precipitation of soy protein in a CSTR using
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the population balance given by equation (1.42). It was assumed that the CSTR was 

at steady-state, with a mean residence time of t and had no particles in the feed. A 

linear growth rate was used with particle breakage forming the birth and death terms, 

as non-linear equations, to produce the final population balance as:

ÉE  = £  j , - ,  
dd k.

1 +
(1.44)

Values for f and |3 were fixed and a non-linear least-squares routine used to give 

values for kg and k. In this procedure the original channel number densities were 

represented by a 5th order Chebyshev polynomial, which allowed calculation of eleven 

equispaced residuals in the least-squares calculation. The population balance, given 

by equation (1.44) was solved using a fourth order Runge-Kutta method, converging 

on the volume boundary condition via a shooting method, using trial values for the 

number density at the largest size. The PSD’s produced matched the experimental data 

well, and the model confirmed the hypothesis that breakage is by fragmentation and 

that the collisions between two large aggregates are ineffective for growth. Fisher and 

Glatz (1988) extended the population balance model of isoelectric precipitation, 

presented by Pentate and Glatz (1983) to the polyelectrolyte precipitation of proteins. 

A CSTR at steady-state was used with no particles present in the feed, so the 

population balance is that given by equation (1.42). The model included an additional 

mechanism for growth at small aggregate sizes and a second-order aggregate breakage 

term. The enhancement of growth caused by polymer extensions from the protein 

particle surface was also modelled. The value for f was fixed at 2 and p was set at 1.5 

for the first order breakage model and 9.0 for the second order breakage model. It was 

found that the second order breakage model gave a closer fit to the experimental 

results than the first order breakage model. Use of the polymer enhancement growth 

equation with second-order breakage, improved the fit to experimental results, at low 

shear.

Przybycien and Bailey (1989) studied the kinetics of the salt-induced precipitation of 

a-Chymotrypsin (a-CT). The effects of temperature and salt concentration on protein 

solubility were evaluated. A population balance approach was used to model the 

kinetics, and the precipitation process was assumed to consist of a dimerization step 

followed by the isodesmic self-association of dimers. Experimental turbidity data was 

used to calculate equation parameters using the non-linear least squares algorithm 

MRQMIN. The population balance model was solved using the predictor-corrector 

algorithm DDASSL. The developed model included the processes of dimerization, 

conformational change and aggregation, and described the experimental data closely 

in all cases except at low temperatures, where the turbidity profiles no longer
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approximated to a sigmoidal shape. Chen et al. (1990) modelled a batch flocculation 

process, using the following form of the population balance;

—  = B. -  D. Bg - Dj. (1.45)d t  A A B B

where, is the birth rate due to aggregation, is the death rate due to 

aggregation. By is the birth rate due to breakage and Dy is the death rate due to 

breakage. The equation was solved numerically using Batterham’s method, modified 

to correct for the double counting of particle aggregation within the same class. The 

PSD at different stages in the flocculation reaction were evaluated, from which it was 

observed that the time for the system to reach steady-state was not strongly dependant

on the initial PSD. Initially the PSD evolved very rapidly with particle breakage

slowly becoming more dominant. They concluded that the final steady-state PSD was 

independent of the initial PSD. However, the authors did not compare the simulation 

results to any experimental results and no model validation was provided, which limits 

the applicability of the model.

1.2.4 Ageing of Precipitates.

After the initial formation of the protein precipitate nuclei further treatment is 

usually needed to form large, dense stable aggregates which can easily be recovered 

in any subsequent solid-liquid separation stage (Bell et al., 1983). This treatment is 

commonly known as ageing, where particle growth is shear controlled, with the history 

of preparation effecting the size, shape and degree of compactness of the aggregates. 

Traditionally protein precipitate ageing has been performed in an agitated batch tank, 

but recently there have been reports of continuous ageing devices (Foster, 1978, Bell 

and Dunnill, 1984, Titchener-Hooker ef a/.,1992, Titchener-Hooker and McIntosh, 1992 

and Titchener-Hooker and McIntosh, 1993).

1.2.4.1 Batch Ageing.

Stirring precipitated protein for a fixed time in the precipitation vessel produces a 

state of dynamic equilibrium, where the rate of formation of aggregates equals the 

rate of breakup. Bell and Dunnill (1982) suggested that an improvement in batch-aged 

isoelectric soya protein precipitate strength occurred with an increase in ageing time. 

This was thought to be due to the formation of denser aggregates by an infilling with 

smaller primary particles. The infilling process could be the result of aggregate 

breakage followed by a more stable aggregation and also by the deformation of the 

aggregate producing an increase in the number of inter-particle contacts. However,
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the scale up of this process is difficult since all of the stresses cannot be controlled 

simultaneously, hence it is convenient to consider a stirred tank as consisting of two 

mixing zones:

•  The high shear impeller zone, and,

•  The lower shear bulk fluid.

The pumping effect of the impeller causes the precipitate particles to pass between the 

two zones many times, and the improvement in aggregate strength can be attributed 

to the effective pumping rate, the level of shear and the residence time within the 

tank. The ageing parameter, Gt, has been defined for a given impeller and tank 

geometry (Camp and Stein, 1943). Where G is the average shear rate and t is the time 

of exposure to the shear. Recommended values of Gt for protein precipitates range 

from 10"̂  to 10^. Hoare (1982a,b) investigated the batch ageing of ammonium sulphate 

precipitated Casein and found a narrowing of the particle size distribution and greater 

particle growth rates at lower rates of shear. Hoare (1982) also observed a sharp 

decrease in the distribution at the large diameter end, indicating a maximum stable 

size when using the criterion of Gt=10^. However, it was recognised that the shear rate 

in a stirred vessel is not homogeneous and that the use of the Camp number is 

questionable. Hoare (1982) showed that ageing of Casein protein precipitate for up to 

144 hours increased the protein concentration from 1 to 2 % by weight and that 

varying the contacting rate of the ammonium sulphate and the protein solutions had 

no effect on the position of the salting-out curve. Bell and Dunnill (1982) investigated 

the recovery of isoelectric soya protein precipitate in a scroll decanter centrifuge. A 

30 % increase in throughput capacity was found by batch ageing the suspension for 

30 minutes. However, the main disadvantage associated with batch ageing is the 

difficulty in control, and the high proportion of product losses due to time-dependant 

degradation or contamination.

1.2.4.2 Continuous Ageing.

The recent advances made in the use of continuous processing in the bioprocess 

industries has led to a requirement for an alternative to batch ageing of protein 

precipitates. Virkar et al. (1982) investigated the growth of isoelectric soya protein 

precipitate in a continuous tubular reactor and found increased rates of growth at 

higher average rates of shear and higher protein concentrations. However, increased 

shear and reduced protein concentration resulted in a smaller fine particle size. Shear 

in the continuous tubular reactor was induced with the use of grid inserts spaced at 

regular intervals down the reactor length. Bell and Dunnill (1982) compared the
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strength of isoelectric soya protein precipitate particles (measured by particle size 

analysis before and after shearing in a capillary shear device) in a batch reactor and 

a continuous tubular reactor. It was found that the continuous reactor precipitate 

exhibited significantly less resistance to breakage. Subsequent batch ageing of the 

tubular reactor prepared precipitate resulted in a small increase in aggregate strength, 

which indicates that the tubular reactor prepared material has a more open structure 

and is consequently more easily disrupted by shear.

A "low-frequency" conditioning device has been developed for continuous protein 

processing (Bell and Dunnill, 1984). The conditioning unit has one wall mounted on 

a flexible membrane, linked to a vibrating device. The residence time within the unit 

is usually less than one minute, during which the suspension is exposed to low 

frequency oscillations (5 -10 Hz), generated by the movement of the flexibly mounted 

wall. The positive feed to the device and the movement of the wall means that the 

fluid is drawn back into the chamber from the outlet pipe. This generates a high 

velocity jet which flows counter-current to the main flow, entraining mass as it 

dissipates energy, thus providing good mixing. The mixing is turbulent in nature, but 

occurring in a slow moving stream, hence not exposing shear sensitive aggregates to 

high shear rates (Titchener-Hooker et al., 1991). Bell and Dunnill (1984) attributed 

increased precipitate particle growth to enhanced orthokinetic aggregation. Hoare et 

al. (1987) investigated the mean residence time and the power input per unit volume 

of an acoustic chamber, for the isoelectric and calcium ion precipitation of soya 

protein. Their results showed a marked decrease in the number of fine precipitate 

particles after conditioning, and that the optimal particle size distribution was 

achieved for small residence times (28 -36s) and the highest power input studied (2.23 

w/m3). Hoare et al. (1987) attributed increased precipitate particle growth to the 

increase in turbulence within the chamber. They also modelled the process of 

aggregation in an acoustic conditioning device, to produce the following equation:

In = -  K. G t: (1.46)

where is the number of fine particles after acoustic conditioning, is the 

number of fine particles resulting from flow through the chamber, is an effective 

rate constant, <t>y is the volume fraction of precipitate particles, t is the mean 

residence time and G is the effective velocity gradient in the chamber, which is given 

by equation (1.47).

G =
D W (1.47)
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where p. is the suspension dynamic viscosity and Py^ is the acoustic power 

input per unit volume and is given by equation (1.48),

PvA = ^ 9 à \ Ti fy  (1-48)

where d̂  ̂ is the peak amplitude of vibration, p is the suspension density and 

f y  is the frequency of vibration of the device. Bell and Dunnill (1984) showed that 

the precipitation conditions for isoelectric soya protein precipitate are critically 

important to any subsequent acoustic conditioning. Conditioning was found to be most 

effective for small particles that had a minimum period of ageing prior to treatment, 

since these particles were undergoing orthokinetic aggregation and conditioning 

simultaneously, Titchener-Hooker et a/, (1992) studied the effects of f luid-jet mixing 

in a low frequency conditioning device. The conditioning process was described in 

terms of f lu id-je t mixing and mixing was shown to correlate with the frequency of 

formation and the amplitude of the fluid jet. Particle aggregation and breakage were 

shown to be proportional to the groups ( fyd^a)^ ’̂  and (fy^d^o)^ ’̂  respectively, where 

a is a factor determining the degree of disengagement between the velocity and 

pressure profiles in fully developed pulsating fluid flow, Titchener-Hooker and 

McIntosh (1992) studied the effects of low frequency conditioning on protein 

aggregate strength and density. Aggregate density was found to increase during 

conditioning, most probably the result of re-packing and re-arrangement. This 

increase in aggregate density was correlated with the levels of fluid acceleration and 

hence the hydrodynamic stress to which the aggregates are exposed during 

conditioning, Titchener-Hooker and McIntosh (1993) also examined the effects of low- 

frequency conditioning on the centrifugal recovery of ethanol-precipitated human 

albumin protein. Laboratory scale data was successfully extrapolated to the pilot-scale 

recovery of the material. It was also found that the history of the precipitate stream 

to be conditioned was critical to the levels of improvement that were achieved. 

Results showed that the best improvements were obtained when conditioning was 

applied to nascent material,

1,2,5 Conclusions.

Protein precipitation forms one of the most important purification steps in the 

downstream processing of proteins. Protein precipitation using ammonium sulphate 

as the precipitant on a two-cut basis can be used to selectively isolate a target enzyme 

from contaminating proteins. Extensive literature on the modelling of protein 

precipitation exists, with approaches ranging from the purely empirical to more
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fundamental. This study will develop a protein precipitation model which is capable 

of predicting the total protein and target enzyme levels and the subsequent precipitate 

phase particle size distribution.

1.3 Modelling of Centrifugation.

Centrifugation forms one of the most important unit operations for solid-liquid and 

liquid-liquid separations in the biochemical process industry (Brunner and Hemfort, 

1988). There are generally five different types of centrifuge available (see Appendix 

A3 for details). Most centrifuge manufacturing companies have adapted existing 

centrifuge designs to meet the requirements of the biotechnology industry. 

Modifications include hermetically sealed systems to prevent the formation of aerosols, 

bowl cooling to prevent thermal damage of labile biomaterials, the use of "soft"

feedzones to prevent shear damage and to prevent air entrainment which could cause

oxidation and dénaturation at gas/liquid interfaces of the biomaterials, improved 

metallurgy to achieve higher acceleration forces and the capability of steam 

sterilization and clean-in-place, CIP (Erikson, 1984).

The operation of the centrifuge depends on many parameters for optimal results but 

principally particle size, the solid-liquid density difference, liquid viscosity, 

residence-time, the relative centrifugal force (RCF) available for sedimentation and 

the rheological properties of the suspension.

1.3.1 Theory of Centrifugal Sedimentation.

Stokes Law (Stokes, 1851) is still the main method of describing sedimentation in a 

centrifuge. Stokes Law assumes that the particles being processed are small, inert 

spheres, flowing in the laminar flow regime, and that the degree of hindered settling 

is negligible. Stokes Law gives the sedimentation velocity for a solid particle settling 

under the influence of gravity as:

,  ( p. -  P /)  (1.49)
« 18 n

where pg is the density of the particles, Pf is the density of the suspending

fluid, p. is the viscosity of the suspension, d is the particle diameter and gg is the 

acceleration due to gravity. For sedimentation in a centrifugal field, the 

sedimentation velocity is given by;
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.  ( p. -  p /)
18 |i

éP" aP" T (1.50)

where w is the angular velocity and r is the radial position of the particle. 

Equation (1.49) is only valid in the laminar flow regime, i.e. Re < 0.5. For turbulent 

flow alternative equations have been derived by Sokolov (1971) and Hsu (1981). 

However these equations will not be presented here since particle movement in 

centrifuge equipment is usually regarded as being in the laminar regime (Ambler, 

1952).

1.3.1.1 The Sigma Concept.

The Sigma concept was developed by Ambler in 1952. It defines the relationship 

between centrifuge performance, the total volumetric flowrate and the centrifuge size. 

For separation to occur in a continuous centrifuge particles in the dispersed phase 

need to migrate with a velocity u^, in a direction other than one parallel to that of the 

continuous phase. The effective force operating on a particle in a centrifugal field 

is given by:

= ( m -  ) (0 (1*51)

where m is the mass of the dispersed particle and m^ is the mass of the 

equivalent volume of continuous phase that it displaces. If the particle is assumed to 

be a sphere of diameter d, then equation (1.51) becomes:

fp  = — A p r (1*52)
6

where Ap = - pf, and is the density difference between that of the

continuous phase, pf, and of the dispersed phase, Pg.

The movement of the dispersed phase particle is hindered by the resistance of the 

continuous phase to motion through it. For small particles moving at moderate 

velocities (below the turbulent range) this resisting force is proportional to the velocity 

of the moving particle. Using Stokes law:

Fj = 3 7Ï p d u (1.53)

where Fj is the resistance of the continuous phase. At equilibrium:

F  = F, (1.54)

Which rearranges into:
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U .  ^ p (1.55)
‘ 18 (j

If the simplest centrifuge design is considered, i.e. a rotating cylinder with end caps, 

and neglecting turbulence, then is the velocity with which a particle of diameter, 

d, approaches the bowl wall. If the liquid is considered to lie in a thin layer of 

thickness s in the bowl, and the feed is fed continuously at one end and discharged at 

the other, then the time, t, during which the liquid is in the bowl is V/Q, where V is 

the volume of liquid in the bowl at a given time, and Q is the flowrate of liquid 

through the bowl. Since it has been assumed that s is small, the velocity of 

sedimentation of the particle will be approximately uniform and the distance settled 

by the particle will be:

= ^ P r f  (1.56)
18 |i Q

If X  is greater than the initial distance of the particle from the wall of such a bowl 

then the particle will be removed from the liquid phase, otherwise it will remain in 

suspension and be discharged with the effluent liquor. In an ideal system, when x  = 

S/2, half the particles of diameter d will be removed from suspension and half will 

not. This condition is referred to as the "cut-off point", and the flow Q at the cut-off  

will be:

 ̂ Ap  ^  r (1.57)
9 p ■ 5

Rearrangement of equation (1.57) gives the critical diameter:

9 p <? — - —  (1.58)
V r

Particles larger than d^ will be removed and those smaller will remain in suspension. 

Equation (1.57), can be rewritten as :

Ç = 2 S (1.59)

in which,

 ̂ Ap  (1,60)
* 18 p

and.
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s  = (1.61)
8a 5

It can be seen that equation (1.60) depends on the liquid system and equation (1.61) 

depends on the centrifuge design. The quantity S (Sigma) can be shown to be the area 

of a simple gravity settling tank of equivalent sedimentation characteristics to that of 

the centrifuge. The S - concept has been widely used for scale-up purposes by 

manufacturing companies. From equation (1.59) the performance of any two 

centrifuges treating the same system will be the same if the quantity Q /S  is held 

constant. This leads to the equation used for scale-up purposes:

9 l  = 9 l  (1.62)
Si

The S value can be calculated if the geometry of the centrifuge is known. Table 1.2 

provides the relevant equations for calculating sigma values for various centrifuge 

configurations, (Trowbridge, 1962).

1.3.1.2 The Grade Efficiency Concept.

The separation ability of a centrifuge is highly dependant on the particle size of the 

feed material. A centrifuge will have a corresponding separation efficiency for each 

particle size encountered. For this reason a single value for the separation efficiency 

is unsuitable and the grade efficiency concept should be used instead. If the mass 

efficiency is found for each particle size present in the feed material then the 

gravimetric grade efficiency function, T(d), is obtained. The grade efficiency is 

independent of the solids size distribution and density and is constant for a particular 

set of operating conditions. Gupta (1981) used grade-efficiency plots and three 

dimensionless parameters for the scale-up of geometrically similar disc-stack 

centrifuges. Gupta found that in scaling-up the large disc-stack centrifuge must be 

operated at a lower speed, higher throughput and lower overall separation efficiency 

when compared to the smaller machine. Mannweiler and Hoare (1992) used grade 

efficiency plots to scale-down a disc-stack centrifuge to one tenth of its separation 

capacity by removing 90 % of the active discs and replacing them with blank inserts. 

It was found that the grade efficiency profile was dependant on the position of the 

active discs within the disc-stack. The optimum position to enable accurate scale-down
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Table 1 . 2  S - Values.

Machine Type E - Value

Tubular bowl

8a
In

2 / • :

2 2

j: = —  Ti L
8a

Multichamber
2i+l -  r2Î+2

2i+l -  r2Î+2

Scroll

Decanter COE = _  71 L 
ga

COE = ------  71

&a

T i  “ \Li ( T3 -  Ti )
+

In
2  r.

To + r.

+ 3 T3 Tj + 4 r 2

COE =  ------  71
+ 3 /-3 -1 + 4 /-I

Disc Stack

E =
2 2  CO^ 7t (  T2 -  T j  )  

3 tan 0
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was to locate the active discs just off the bottom of the disc-stack. This minimum 

distance avoided turbulence effects in the entry region while keeping to a minimum 

any separation that occurs in the sediment holding space prior to entering the disc- 

stack. The grade efficiency concept will be used in Chapter 4.

1.3.2 Centrifuge Fluid and Particle Dynamics.

Centrifuge fluid and particle dynamics have been described previously using Stokes’ 

Law. However, further work has risen from a consideration of the actual flow within 

the centrifuge, and from a consideration of particle trajectories within the centrifuge 

bowl. The majority of work in this area has been performed with the disc-stack 

centrifuge and only this design will be considered.

Sokolov (1971) gave three main reasons for the deviation between an ideal disc stack

centrifuge described by Stokes’ Law and a real disc stack centrifuge, as:

•  Flow through the disc space is not necessarily laminar over the whole gap

width and radius,

•  Particle sedimentation is not irreversible,

•  Unsymmetrical solids loading at the entrance to the disc, and disproportionate

fluid flow within the disc spacing.

Many workers have demonstrated that the velocity profile across the disc spacing,

accounting for Coriolis and shear force effects, depends on a dimensionless number,

X (Sokolov, 1971, Brunner and Molerus, 1979, Zastrow, 1976):

X = h sin Q (1.63)

where h is the disc spacing, w is the radial velocity of the bowl, v is the 

kinematic viscosity and 0 is the conical half-angle. If X is smaller than n then the 

velocity profile is parabolic. The value of X in industrial centrifuges is usually 

between 5 and 28. Brunner and Molerus (1979) produced profiles for a number of 

different X values. The relative circumferential velocity increases from the disc 

surfaces to the middle of the disc spacing, and becomes (for large X values), X times 

larger than the average radial velocity. This velocity component splits at large X 

values into two thin layers, one near to each disc surface. The velocity in these layers 

increases and their thickness decreases with increasing X. The Reynolds number 

increases and transition to turbulence can take place. The reason for this behaviour 

is an interplay between Coriolis, frictional and centrifugal forces. Willus and Fitch
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(1973) studied flow patterns in a device simulating a disc without distribution holes, 

but with six long radial spacing ribs. They postulated that a parabolic flow profile 

usually considered in non-rotating systems does not hold for rotating systems. In 

rotating systems, Coriolis and incremental centrifugal forces act on the particles 

tending to impel them at right angles to their local directions of motion. The use of 

long radial spacer ribs has been shown to be beneficial in respect to the transition 

from laminar to turbulent flow. Spacer ribs suppress fluid flow in the circumferential 

direction and vortex formation resulting in higher critical Rossby-numbers, (Brunner 

and Molerus, 1979). The Rossby-number is given as:

R = (1.64)
® 0)

The Rossby-number is a dimensionless flow parameter and its plot against k is 

generally used to correlate the points of transition from laminar to turbulent flow, for 

different separator specifications and operating conditions. It was proposed that the 

use of discs with point spacers are unsuitable for particle separation because of the 

premature transition from laminar to turbulent flow in the disc gap. Goldin (1971), 

Fitch (1965), and Bohman (1974) all used simplifying assumptions, such as axi- 

symmetry, to calculate the flow field between the discs using linearised Navier-Stokes 

equations. The solution of the Navier-Stokes equations forms the basis for the 

calculation of particle trajectories. Brunner and Molerus (1979) and Gupta (1981) 

again used simplifying assumptions to ease the numerical calculations. Common 

assumptions used were low solids concentration and constant drag coefficient. 

Skvortsov (1984) examined the role of the slurry holding space in a disc stack 

centrifuge. He found that there is a non-uniform distribution of solid particles 

entering the disc stack, because coarse particles may have previously settled in the 

outer disc space. So the benefits of a sediment holding space are limited. In the disc 

stack centrifuge a particle is considered to be separated when it reaches the disc 

surface. Carlsson (1980) proposed that this is the case only within a region where the 

centrifugal force exceeds the counteracting shear force. Stokes’ Law only applies to 

settling in a fluid with no boundaries, so Carlsson included an empirical factor in his 

model to take into account wall effects. The results showed good agreement with the 

experimental data for small particles, from Brunner and Molerus (1979).

1.3.3 Centrifugal Recovery o f Biological Particles.

There are many problems associated with the centrifugal separation of biological 

particles. This is mainly due to their small size, the small density difference between 

the solid and liquid phase, high suspension viscosity and the sensitivity of some
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biological particles to shear (Mannweiler et al., 1989). Also the presence of air/liquid 

interfaces and heat can be deleterious to some labile particles. In the bioprocessing 

industry centrifuges can be used for the processing of four different categories of 

suspensions, each with its own unique properties. These are;

•  whole cells,

•  cell debris,

•  protein precipitate particles, and,

•  inclusion bodies.

Ward (1989) and Ward and Hoare (1990) investigated the dewatering of a number of 

biological suspensions in industrial centrifuges, Bentham ef a/. (1990) investigated the 

separation of affinity flocculated yeast cell debris in a pilot-plant scroll decanter 

centrifuge. Bell et al. (1983) and Mannweiler (1990) studied the separation of 

precipitate suspensions in pilot-scale centrifuges, and Olbrich (1989) and Jin et al. 

(1994) studied the recovery of inclusion bodies from an E.coli homogenate.

One of the main problems associated with the centrifugal recovery of biological 

particles is that of characterisation of the physical properties of the suspensions. 

Parameters such as density and viscosity can be very difficult to predict and models 

for their prediction tend to be system specific. Other than physical properties the 

main problems from a modelling point of view are the influences of hindered settling 

and the shear disruption of delicate biological floes in the centrifuge feedzone.

1.3.3.1 Hindered Settling

As the concentration of particulates increases in the suspension to be separated the 

average distance between neighbouring particles decreases and they begin to interfere 

with each other. The interference normally leads to a decline in the settling rate of 

the particles, which is referred to as hindered settling. This is a common problem with 

the centrifugal separation of biological suspensions. Stokes theory applied to these 

suspensions assumes that the calculated settling velocities are those of a single, 

spherical particle in a very dilute suspension. However, most suspensions encountered 

in practice tend to be concentrated, and therefore hindered settling occurs and the 

settling velocity of a particle will be reduced. Much work has been done in this area 

of hindered settling, and a good review has been presented by Barnea and Mizrahni 

(1973), so only a brief outline will be given here. Perhaps the most famous and 

utilized method of taking account the hindered settling of particles is that of 

Richardson and Zaki (1954). They derived an empirical expression between the
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particle terminal settling velocity and the solids concentration within the suspension.

where Ug is the hindered settling velocity, Ug is the unhindered settling 

velocity, is the volume concentration of solids in the suspension and Op is a 

geometric factor. For mono-sized spherical particles, Op=4.6 , whereas for non-spherical 

particles Op can range between 1 0  to 1 0 0 , resulting in vastly underestimated recoveries 

if Stokes Law is assumed to apply. The use of terms to account for hindered settling 

in industrial centrifuges will be studied in this thesis.

1.3.3.2 Shear Disruption o f Biological Floes

The shear-induced break-up of protein precipitate aggregates in a centrifuge leads to 

poor clarification due to the amount of fines produced. Work has shown that the 

amount of particle break-up is dependant on the time of exposure to the shear-field. 

The maximum conditions of shear in the centrifuge are recognised to occur in the feed 

zone, where the suspension is subjected to a rapid increase in it’s tangential and radial 

velocity components (Bell and Dunnill, 1982). Figure 1.7 shows a hypothetical 

representation of the transformation of a shear-sensitive particle size distribution on 

passage through a centrifuge. In tubular bowl and scroll decanter centrifuges the feed 

suspension is forced into a chamber which contains axially mounted spinning vanes. 

In multichamber and disc-stack centrifuges the suspension is accelerated down a 

conical annulus with vanes. The shear stresses imposed on the aggregates in both of 

these configurations are very difficult to evaluate, unless simplifying assumptions are 

made. Bell and Brunner (1983) proposed that protein floe break-up was proportional 

to the square-root of the dissipated power based on two assumptions:

•  the density of the floes are assumed to be constant and equal to the density of 

the solid particles,

•  no further significant floe disruption or aggregation occurs in the clarified 

liquid discharge stream.

éÈL^K^Pt  (1.66)
dt

Integration of equation (1.66) gives:

In { N \ = K yfP t (1.67)
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for N < N ^ 3 ,̂ where N is the number of floes after time t, Ng is the initial number of 

floes, whieh eorresponds to the number of primary partieles making up the initial 

floes. When N »  Ng, then the following form of equation (1.67) ean be used:

In f NGF \ = K yfP t ( 1.68)

Where, NGF is the number of newly generated floes. It was shown that break-up in 

a seroll deeanter eentrifuge was strongly dependant on the bowl speed and the position 

of the feed pipe. An inerease in bowl speed resulted in inereased break-up and when 

the position of the feed pipe eorresponded to the most shallow pond depth (the eonieal 

region) break-up increased.

1.3.4 Conclusions.

The disc-stack centrifuge forms one of the most important solid-liquid separation unit 

operations in the biochemical process industry. Typical applications include the 

recovery of whole cells from fermentation broths, the removal of cell debris from 

process streams and the recovery or removal of precipitate phase suspensions. The 

performance of the disc-stack centrifuge has typically been modelled using Stokes Law 

and the grade efficiency approach, whereas some workers have looked at fluid and 

particle dynamics within the centrifuge. This study will develop a model for a disc- 

stack centrifuge which is capable of dealing with a range of biological materials 

including whole yeast cell, cell debris and precipitate particle suspensions. The model 

will include terms to take into account hindered settling at high suspension 

concentrations and the shear disruption of shear-sensitive suspensions.

Flocculated feed Sheared feed
Clarified liquid 
discharge

Feed zone Centrifuge
floe separation

breakage characteristics

Figure 1.7 Transformation o f the Particle Size Distribution Due to 

Precipitate Breakage in the Centrifuge Feedzone and Clarification.

65



1.4 Aims of Research.

The aims of the research covered in this thesis are to develop generic, robust and

predictive models of some of the key unit operations found in a typical downstream

bioprocess sequence. The work can conveniently be split into five categories.

•  The development of a model to describe batch protein precipitation from a

crude cell extract.

•  The development of a model to describe solid-liquid separation in a disc-stack 

centrifuge, for the processing of whole cells, cell debris and shear-sensitive 

precipitated protein.

•  Verification of the models using bench and pilot-scale equipment.

•  Use of the models in the design of a downstream process sequence.

•  Extension of the models by application to a completely different process

sequence.
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2. MATERIALS AND METHODS.

2.1 Introduction.

This chapter of the thesis details the experimental system/process studied together 

with assay, analysis, reagents and methods. The choice of experimental system is 

provided in section 2 .2 , assay, analysis, reagents and methods are provided in section

2.3, yeast homogenate preparation is provided in section 2.4, precipitation studies are 

provided in section 2.5, centrifugation studies are provided in section 2.6, verification 

studies are provided in section 2.7 and simulation studies are provided in section 2.8. 

Details concerning parameter estimation methods will be dealt with in the appropriate 

chapters.

2.2 Choice of Experimental System.

A number of factors were considered in the choice of experimental system. After 

careful consideration ' yeast alcohol dehydrogenases (ADH’s) were chosen as a suitable 

vehicle for bioprocess modelling and verification trials. The reasons for the choice are 

outlined below :

•  as intracellular soluble protein products, yeast ADH’s are typical of many 

potential industrially relevant biocatalysts

•  the ADH’s produced could be used in biotransformation studies for the 

synthesis of optically pure alcohols

•  substantial data on the individual unit operations for ADH production and 

purification exist at UCL for generation of preliminary models. Also the 

system provides for a wide range of process sequence alternatives, which 

enables the widest possible range of operations to be examined

•  it provides the capacity to examine readily the influences of process 

interactions on the overall process design and performance by genetic 

modification to the yeast and its expression product

•  low-risk biosafety studies are possible with this system

•  collaborative studies with other universities are facilitated by wide interest in 

these enzymes

•  packed yeast starting material to obviate the need for fermentation and 

reducing experimental variations.
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2.3 Assay, Analysis, Reagents and Methods.

In order to test the validity of the models it was necessary to assay the process streams 

throughout the process flowsheet. All samples were assayed for soluble and 

precipitated total protein concentration and alcohol dehydrogenase (ADH) activity. 

The methods for each assay procedure are given in Figure 2.1. For the determination 

of soluble phase total protein concentration and ADH activity 1.5 mL of the samples 

were pipetted into Eppendorf tubes and spun down at 13,000 rpm for 10 minutes 

(Micro Centaur Lab Centrifuge, MSE, Crawley, U.K.) and the supernatant assayed as 

described below. For the determination of precipitate phase total protein 

concentration and ADH activity the supernatant from the Eppendorf tubes were 

decanted-off and the pellets washed with typically 1 mL of phosphate buffer (pH 6.5) 

to redissolve the precipitate material before being spun down at 13,000 rpm for 10 

minutes (Micro Centaur Lab Centrifuge, MSE, Crawley, U.K.). Supernatants were 

assayed according to the following procedures.

2.3.1 Total Protein Concentration.

Protein concentrations were primarily determined using the method of Bradford 

(1976), although some protein concentrations were determined using the Bicinchoninic 

acid assay (section 2 .3.1 .2 ).

SOLUBLE PROTEIN 
SOLUBLE ADH

DECANT OFF SUPNT.ASSAY SUPNT.

LAB. CENTRIFUGELAB. CENTRIFUGE

SAMPLE

ASSAY SUPNT.

WASH PELLET

LAB. CENTRIFUGE

SOLID PROTEIN 
SOLID ADH

Figure 2.1 Soluble and Precipitate Phase Material Assay Procedure.
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2.3.1.1 Bradford Assay.

The Bradford assay is based on the colour change that occurs when Coomassie brilliant 

blue, G250, in acidic solution, binds to protein. The protonated form of Coomassie 

blue dye is a pale orange-red colour. The dye binds strongly to proteins, interacting 

both hydrophobically and at positively charged groups. By this mechanism 

protonation is suppressed and a change from the pale-orange-red to a blue colour is 

observed. This change is therefore indicative of the presence of proteins and forms 

the basis of the assay. The assay reagent and sample were left to react in a 1.5 mL 

cuvette for a minimum period of 5 minutes before recording the absorbance at a 

wavelength of 595 nm. Bovine serum albumin (BSA) (0 - 100 ug/mL) was used to 

calibrate the reagent. This assay is 2-3 times more sensitive than the Lowry assay 

(Lowry et al., 1951) and considerably faster and simpler. It is also less prone to 

interference by buffers and salts such as ammonium sulphate. However, strong alkalis 

can cause false positive results, and anionic detergents cause interference. Samples 

were analysed in duplicate with a reproducibility of ± 4%.

2.3.1.2 Bicinchoninic Acid Assay.

The Bicinchoninic acid (BCA) assay (Pierce and Warriner Ltd., Cheshire , U.K.) was 

also used to assay for total protein concentration, since this assay is less susceptible to 

interference. The assay is based on the reaction of Cu '̂*' to Cu'*’ in alkali by protein 

and the Cu"  ̂ is detected by complex formation with bicinchoninic acid. The reagent- 

sample mix was incubated at 310 K for 30 minutes before recording the absorbance 

at a wavelength of 562 nm. Again BSA (0 -100 ug/mL) was used to calibrate the assay 

mixture. Samples were anlysed in duplicate with a reproducibility of ± 4%.

2.3.2 Alcohol Dehydrogenase Activity.

Alcohol dehydrogenase activity was assayed using the method described by Bergmeyer 

(1979). Reaction rates were measured by following the change in absorption of the 

solution at 340 nm with ethanol and NAD as reaction substrates.

Ethanol + NAD = Acetaldehyde + NADH + H'*'

The enzymic activity, E, is expressed as Units of activity per mL of solution and is 

given by the following equation.
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where, AA/At is the rate of change of absorbance at 340 nm, is the final 

volume of the cuvette, is the sample volume added to the cuvette, is the dilution 

factor and €3 4 0 = 6 . 2 2  c m ^ p m o l '\

Phosphate buffer (100 mM potassium dihydrogen phosphate, pH 6.5) was used to dilute 

the samples so that the maximum absorbance change was less than 0.3 A/m in. The rate 

of change of absorption was followed spectrophometrically at 340 nm and AA/At 

recorded. Semicarbazide HCL was included in the reagents to remove acetaldehyde 

from the equilibrium therefore promoting the forward reaction. Glutathione was 

included to maintain stability during any dilutions. Samples were analysed in 

duplicate with a reproducibility of ± 7%.

2.3.3 DNA Concentration.

DNA concentrations were assayed using a procedure based on the method of Burton 

(1956). In the method approximately 25 of the sample was mixed with 400 pL of

0.4 M perchloric acid (PCA) in an Eppendorf tube, and held on ice for 30 minutes. The 

sample was then spun-down at 13,000 rpm for 10 minutes (Micro Centaur Lab 

Centrifuge, MSE, Crawley, U.K.) and the supernatant discarded. The DNA was then 

hydrolysed by the addition of 400 pL of 1 M PCA and heated to 343 K in a water-bath 

for 30 minutes. The mixture was then allowed to cool before 600 pL of diphenylamine 

(DPA) solution was added. The sample was then left overnight in an incubator at 310 

K before recording the absorbance at a wavelength of 600 nm. Calf Thymus DNA 

(highly polymerised) production number 42026 (BDH Ltd., Hants., U.K.) was used to 

calibrate the assay mixture. Samples were analysed in duplicate with a reproducibility 

of ± 9 %.

2.3.4 Cell Debris Concentration.

A crude method was used to quantify the amount of cell debris. The method involved 

determining the dry weight of the sample as outlined in section 2.3.5 and then 

subtracting any contribution from the added ammonium sulphate. Samples were 

analysed in duplicate with a reproducibility of ± 14 %.
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2.3.5 Dry and Wet Weights.

Dry weights were determined by aliquoting known volumes of the sample into p re 

weighed porcelain crucibles or Eppendorf tubes, and drying to constant weight at 373 

K, (approximately 24 hours) before re-weighing. Wet weights were determined by 

aliquoting known volumes of the sample into pre-weighed eppendorf tubes and re 

weighed. Samples were analysed in duplicate with a reproducibility of ± 5 %.

2.3.6 Packed Weights.

Samples of suspensions were placed in calibrated centrifuge tubes (Westfalia, Milton 

Keynes, UK) and centrifuged at 4,000 rpm (2500 g) for 1 hour in a high-speed 

centrifuge (Centaur 2, MSE, Crawley, Sussex, UK). The percent of the volume 

occupied by the packed solids was then measured. Samples were analysed in duplicate 

with a reproducibility of ± 1 0  %.

2.3.7 Particle Size Analysis.

2.3.7.1 Electrical Sensing Zone Method.

Particle size analysis work was carried out using the electrical sensing zone method. 

The instrument used was an Elzone, model 280 PC (Particle Data Ltd, Cheltenham, 

Glous., England), which consists of a tube with an orifice located in the tube wall. A 

schematic diagram of the instrument is shown in Figure 2.2. The tube is immersed in 

a dilute suspension of electrolyte containing the material to be analysed and a vacuum 

pump used to unbalance the mercury column. The system is then isolated from the 

vacuum source and flow through the orifice continues due to the balancing action of 

the mercury column. The advancing mercury column activates the counter by means 

of start and stop probes, so that a count is carried out while a known volume of 

electrolyte, containing sample material in suspension, passes through the orifice. The 

electrical resistance across the orifice is monitored by means of immersed electrodes 

on either side of the tube wall. Any particles passing through the orifice cause a 

change in the resistance. This change in resistance is converted to a voltage pulse and 

amplified. The number of pulses is equal to the number of particles passing through 

the orifice, and the height of the voltage pulse is proportional to the volume of the 

particle.
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The electrical sensing zone method is suitable for particles greater than 0.6 pm. The 

upper size limit is reached when particles can no longer be kept in suspension (Allen, 

1981). In all experiments with the Elzone a 30 pm orifice tube was used which was 

calibrated with standard latex particles of sizes 2.02 pm and 5.0 pm, (Particle Data 

Ltd, Cheltenham, Glous., U.K.). In the case of whole yeast cell and homogenate 

suspensions the electrolyte used was phosphate buffer (100 mM potassium dihydrogen 

phosphate and 150 mM sodium chloride, pH 6.5) to give a measured size range of 0.843 

- 13.42 pm. In the case of precipitate particle suspensions the electrolyte used was 

phosphate buffer (100 mM potassium dihydrogen phosphate, pH 6.5) adjusted with 

ammonium sulphate to the final salting-out concentration to prevent dissolution or any 

further precipitation. For 40 % sat. material the measured size range was 0.825 -13.06 

pm and for the 60 % sat. material the measured size range was 0.942 - 15.95 pm. Prior 

to particle size analysis the precipitate particle suspensions were accurately diluted in 

the appropriate electrolyte to effectively capture the particle size distribution (PSD). 

All electrolytes were previously filtered to 0.2 pm using a cellulose nitrate filter 

(Whatman, Maidstone, U.K.) and a vacuum filter apparatus (Millipore, Watford, U.K.). 

Adequate dilution (approximately 1 in 2000) was used to eliminate coincidence effects. 

In all experiments three replicate counts were made to ensure consistency of the 

results, with values being ± 3 % in terms of the geometric mean diameter and ± 5 % 

in terms of the number of counts.

23.1.2  Disc Photosedimentation Method.

A disc centrifugal photosedimentometer, model BI-DCP 1000 (Brookhaven Instruments 

Corporation, USA) was also used for particle size analysis and for determining settling 

velocities of material in centrifugal fields. The disc centrifugal photosedimentometer 

instrument has found wide application in the field of biological particle size analysis, 

(Taylor et al., 1986, Middleberg and Bogle, 1990, and Thomas et al., 1991). In this 

instrument the sedimentation rate of particles through a known spin fluid is 

monitored at a specified relative centrifugal force. A schematic diagram of the 

instrument is shown in Figure 2.3. White light from a tungsten/halogen lamp passes 

through the disc at a fixed distance from the axis of rotation, corresponding to the 

height of liquid within the gap when a volume of 5 mL is placed in the machine. As 

particles pass through the light beam the light intensity is attenuated due to scattering 

and, or, absorption. The intensity of the transmitted light is measured by a photodiode 

and recorded as a function of time.
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Figure 2.3 Schematic Diagram of the Disc Photosedimentometer Equipment,

(Middleberg and Bogle, 1990).

The centrifugal sedimentation rate at constant angular velocity, w, increases 

proportionally with the distance from the axis of rotation:

dt  18 p
(2 .2 )

where Ap is the solid-liquid density difference and p is the dynamic viscosity 

of the spin fluid. Integrating equation (2.2) from the initial radius of injected sample, 

Rj, at time t=0 , to the radius of the detector, R^, at time, t yields:

18 p \n(RJR)

(Ù
(2 .3)

Equation (2.3) therefore provides the relationship between time of appearance at the 

detector and particle characteristics. The instrument presents the raw data as a plot 

of absorbance against time, which can then be transformed into a particle size 

distribution, the absorbance being proportional to the particle volume.
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In the case of whole yeast cell and homogenate analysis the spin fluid used was 15 mL 

of 10 % or 5 % sucrose solution. In the case of precipitate particle suspension analysis 

the spin fluid used was phosphate buffer (100 mM potassium dihydrogen phosphate, 

pH 6.5) adjusted with ammonium sulphate to the final salting-out concentration to 

prevent dissolution or any further precipitation. In operation the spin fluid was 

injected into the spinning rotor and an additional 1 mL of water, the buffer layer, 

whose viscosity and density lie between that of the spin fluid and the suspending 

liquid was then added by injection. The purpose of the buffer layer is to minimise 

hydrodynamic shock as the particles sediment radially outwards through the spin 

fluid. A small volume (typically 0.2 mL) of the dilute sample (typically less than 1 % 

w/v solids) was injected onto a known volume of spin fluid, spinning within the disc 

rotor. Samples were analysed in duplicate with a reproducibility of ± 5% in terms of 

the median diameter. Typical run times for each sample were of the order of 30 to 45 

minutes.

2.4 Yeast Homogenate Preparation.

2.4.1 Small Scale Preparation.

A yeast suspension 450 gL"^ (wet weight) was made up in 100 mM potassium 

dihydrogen phosphate buffer adjusted to pH 6.5 using 4.0 M sodium hydroxide. The 

yeast suspension was disrupted using a Manton-Gaulin high-pressure homogeniser 

(Model lab 60, APV, Crawley, Sussex) for 5 discrete passes at 500 barg and maintained 

at approximately 278 K by cooling with glycol at 263 K in a plate heat-exchanger. 

Following homogenisation the homogenate was clarified using a 6  x 300 mL rotor at 

12,000 rpm (Max. RCF= 23,000) for 1 hour (Europa 24M, MSB, Crawley, Sussex). The 

clarified homogenate was then decanted off from the cell debris and the less dense 

lipid layer. The superntant was then placed in the precipitation reactor and cooled to 

278 K.

2.4.2 Medium Scale Preparation.

A yeast suspension 526 gL"^ (wet weight) was made up in 100 mM potassium 

dihydrogen phosphate buffer adjusted to pH 6.5 using 4.0 M sodium hydroxide. The 

yeast suspension was disrupted using a Rannie Homogeniser (APV, Crawley, Sussex) 

for 5 discrete passes at 500 barg and maintained at approximately 278 K by cooling 

with glycol at 263 K. Following homogenisation the homogenate was clarified 

continuously in a IP tubular bowl centrifuge (Sharpies-Stokes, S.A., France) at 25,000 

rpm and a volumetric throughput of 10 -15 Lh'^. The supernatant was then placed in
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the precipitation reactor and cooled to 278 K.

2.4.3 Large Scale Preparation.

A yeast suspension 280 gL"^ (wet weight) was made up in 100 mM potassium 

dihydrogen phosphate buffer adjusted to pH 6.5 using 4.0 M sodium hydroxide. The 

yeast suspension was disrupted using a K3 pilot-scale homogeniser (APV, Crawley, 

Sussex) for 5 discrete passes at 500 barg and maintained at approximately 278 K by 

cooling with glycol at 263 K in a plate heat-exchanger. Following homogenisation the 

homogenate was clarified continuously in a high-speed disc stack centrifuge (type 

SAOOH 205, Westfalia, Milton Keynes, U.K.) at 10,000 rpm (RCF=8470) and a 

volumetric throughput of 50 Lh*^. Solids discharges were performed every 10 minutes. 

Before discharge the feed was cut to the centrifuge to prevent loss of feed material 

into the sediment stream. The supernatant was then placed in the precipitation reactor 

and cooled to 278 K.

2.5 Precipitation studies.

Protein precipitation was performed in three geometrically similar batch reactors of 

volume 1.4 L, 4.4 L and 120 L. Each reactor was agitated with a standard 6 -blade 

Rushton turbine and cooled with an external jacket with glycol at 263 K. A schematic 

of the batch reactors in shown in Figure 2.4, and the basic dimensions are given in 

Table 2.1. Ammonium sulphate solution was prepared from Analar grade ammonium 

sulphate (BDH Ltd., Hants., U.K.) and was calculated to be saturated at 273 K. The 

quantity of ammonium sulphate in 1 L of saturated solution at 273 K is 514.7 g with 

an apparent specific volume of 0.5262 (Di Jeso, 1968). All quantities of ammonium 

sulphate were calculated using the equations of Di Jeso, (1968). The buffer used was

0.1 M potassium dihydrogen phosphate buffer adjusted to pH 6.5 using 2.5 M sodium 

hydroxide. In each experiment the homogenate was made up as set out in section 2.4 

and the volume of saturated ammonium sulphate solution to be added (0 to 90 % sat.) 

was calculated from the equations of Di Jeso (1968). The ammonium sulphate solution 

was added by rapidly pouring in the required volume at or near the impeller to effect 

rapid dispersion and mixing.

The protein precipitate suspensions were batch aged at impeller speeds of 100, 350, 570 

and 800 rpm, and Gt ^ 10^. Samples were taken at either 3 or 6  minute intervals and 

analysed for total protein concentration as described in section 2.3.1, ADH activity as 

described in section 2.3.2, dry weights as described in section 2.3.5 and particle size 

distributions as described in section 2.3.7.
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Table 2.1. Batch Reactor Dimensions.

Dimension Small Scale 

(1.4 L)

Medium Scale 

(4.4 L)

Large Scale 

(120 L)

Tank height, H 15.8 2 2 . 0 60.0

Tank diameter, D 10.5 16.0 50.5

Impeller diameter, dj 3.5 8 . 2 14.8

Baffle width, dg 1 . 0 1.5 5.0

Note : All dimensions are in cm.

S peed  control unit

Temperature probe

Cooling jacket
Glycol out

Glycol In

Rushton turbine Baffles

Figure 2.4 Schematic Diagram of the Precipitation Reactors of 1.4, 4.4 and 120 L.
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2.6 Centrifugation Studies.

2.6.1 Whole Cell Suspensions.

A yeast suspension 280 gL"^ (wet weight) was made up in phosphate buffer (100 mM 

potassium dihydrogen phosphate, pH 6.5). The yeast suspension was pumped through 

a high-speed disc stack centrifuge (type SAOOH 205, Westfalia, Milton Keynes, U.K.) 

operating with a full disc stack at flowrates of 50 L h"^ and 100 L h‘\  via a 

monopump (type SB14R, Monopumps Ltd., London, U.K.). Supernatant samples were 

taken and analysed for dry weights as described in section 2.3.5, and particle size 

distributions as described in section 2.3.7. Sediment samples were taken and analysed 

for dry and wet weights as described in section 2.3.5, packed weights as described in 

section 2.3.6 and particle size distributions as described in section 2.3.7. In between 

sampling total solids discharges were performed. Between each sample the centrifuge 

was left to achieve steady-state by allowing a minimum of 1 0  volume changes before 

the next sampling.

2.6.2 Cell Debris Suspensions.

A yeast suspension 280 gL"^ (wet weight) was made up in phosphate buffer (100 mM 

potassium dihydrogen phosphate, pH 6.5). The yeast suspension was disrupted using 

a K3 pilot-scale homogeniser (APV, Crawley, Sussex, U.K.) at 500 bar for 5 passes and 

maintained at approximately 278 K by cooling with glycol at 263 K in a plate heat- 

exchanger. The homogenate was then pumped through a high-speed disc stack 

centrifuge (type SAOOH 205, Westfalia, Milton Keynes, U.K.) operating with a full 

disc stack at flowrates of 50 L h"^ and 100 L h " \  via a monopump (type SB14R, 

Monopumps Ltd., London, U.K.). Supernatant samples were taken and analysed for 

dry weights as described in section 2.3.5, and particle size distributions as described 

in section 2.3.7. Sediment samples were taken and analysed for dry and wet weights 

as described in section 2.3.5, packed weights as described in section 2.3.6 and particle 

size distributions as described in section 2.3.7. In between sampling total solids 

discharges were performed. Between each sample the centrifuge was left to achieve 

steady-state by allowing a minimum of 1 0  volume changes before the next sampling.

2.6.3 Protein Precipitate Suspensions.

A clarified yeast homogenate was made up as set out in section 2.4.3. The homogenate 

was transferred to the 120 L precipitation reactor. Saturated ammonium sulphate 

solution was added by rapidly pouring in the required volume at or near the impeller
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to effect rapid dispersion and mixing. The final concentration was adjusted to give 

either 40 % sat. or 60 % sat. and was batch aged at Gt k 10^. The precipitate 

suspension was then pumped through a high-speed disc stack centrifuge (type SAOOH 

205, Westfalia, Milton Keynes, U.K.) operating with a full disc stack at a range of 

flowrates (10 -50 Lh"^), via a peristaltic pump (model 5028, Watson-Marlow, Cornwall, 

U.K.). Supernatant samples were taken and analysed for total protein concentration 

as described in section 2.3.1, ADH activity as described in section 2.3.2, dry weights 

as described in section 2.3.5 and particle size distributions as described in section 2.3.7. 

Sediment samples were taken and analysed for total protein concentration as described 

in section 2.3.1, ADH activity as described in section 2.3.2, dry and wet weights as 

described in section 2.3.5 and packed weights as described in section 2.3.6. In between 

sampling total solids discharges were performed. Between each sample the centrifuge 

was left to achieve steady-state by allowing a minimum of 1 0  volume changes before 

the next sampling.

2.6.4 Breakthrough Curves.

Optimum discharge interval times for the disc stack centrifuge, SAOOH 205, were

defined when processing whole yeast cell, cell debris and precipitate particle 

suspensions. Whole yeast cell suspensions were made up at a concentration of 280 g L'^ 

(wet weight) as outlined in section 2.4.1. Cell debris suspensions were made up at an 

initial concentration of 280 g L'^ (wet weight) as outlined in section 2.4.2. Precipitate 

particle suspensions were made up at 40 % sat. as outlined in section 2.4.3. Each 

suspension was processed through a high-speed disc stack centrifuge (type SAOOH 205, 

Westfalia, Milton Keynes, U.K.) at a range of flowrates (50 and 100 Lh'^), via a 

monopump (type SB14R, Monopumps Ltd., London, U.K.). Samples of the supernatant 

were removed periodically for optical density at 670 nm and dry weight measurements. 

The supernatant OD divided by the feed OD was then plotted against time in order

to identify the breakthrough of the particulate phase into the supernatant stream.

2.7 Verification Studies.

2.7.1 Small Scale Studies.

Small scale studies were conducted in the pilot-plant at a scale of approximately 3 L. 

The process flowsheet used is shown in Figure 2.5. Baker’s yeast was resuspended in 

100 mM phosphate buffer, pH 6.5, at a concentration of 526 gL'^ (wet weight), and 

disrupted in a Rannie Homogeniser (APV, Crawley, U.K.) for 5 passes at 500 bar with 

cooling of the homogenate using glycol at 263 K. All centrifugations were carried out
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in a IP tubular bowl centrifuge (Sharples-Stokes, S.A., France) at 25,000 rpm and a 

feed flowrate of 10 - 15 L h ' \  This produced an equivalent settling area of 412 m^, 

which was comparable to that used by Mosquiera et al., (1981) for yeast cell debris 

removal. Batch precipitations were carried out in the 4.4 L reactor described in 

Section 2.5 with the impeller speed maintained at 250 rpm throughout. In the first cut 

ammonium sulphate was added to give a final concentration of 40 % sat. In the second 

cut ammonium sulphate was added to give a final concentration of 60 % sat. The 

ammonium sulphate solution was added by rapidly pouring in the required volume at 

or near the impeller to effect rapid dispersion and mixing. Samples were removed 

from each process stream and analysed for total protein concentration as described in 

section 2.3.1, ADH activity as described in section 2.3.2, DNA concentration as 

described in section 2.3.3, cell debris concentration as described in section 2.3.4 and 

dry weights as described in section 2.3.5. In addition all centrifuge feed and 

supernatant streams were analysed for particle size distributions as described in 

section 2.3.7.

2.7.2 Large Scale Studies.

Large scale studies were conducted in the pilot-plant at a scale of approximately 25 

L. Both resuspended Bakers yeast (section 2.4.3) and fermented natural yeast (section

2.7.2.1) were used as the feedstock to the downstream processing sequence. The process

flowsheet for the resuspended yeast trial is shown in Figure 2.5 and that for fermented 

natural yeast is shown in Figure 2.6.

2.7.2.1 Yeast Fermentation and Harvesting.

The fermentation was carried out by Dr. Malcolm Gregory and Dr. Mark Bulmer. 

Baker's Yeast (GB4918, DCL) was cultured in 100 L fermenter (LH Fermentation) in 

fed-batch  mode, using Labview software (National Instruments UK. Coporation, 

Newbury, Berks., U.K.) to control the exponential growth rate at 0.15 h'^. The batch 

was carbon limited so that the RQ was controlled at 1.1 using the glucose feedrate. 

The culture was maintained on glucose/yeast extract/peptone (YPD) agar slopes stored 

at 277 K. Two 2L flasks containing 500 mL YPD medium (pH 5.5) were inoculated by 

loop from the slope culture. The flasks were incubated for 6 8  hours at 301 K on an 

orbital shaker at 150 rpm. The fermenter and 45 L of fermentation medium with 

composition given in Table 2.2 were sterilised with steam at 394 K. After cooling to 

301 K, sterile solutions of vitamins and trace elements were added in the 

comcentrations given in Table 2.2. The feed medium composition is provided in Table

2.3. After a fermentation time of 44 hours the culture (80 L, 40 gL'^ DCW) was cooled
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to 283 K before harvesting using a high-speed disc stack centrifuge (type SAOOH 205, 

Westfalia, Milton Keynes, U.K.),operating at 10,000 rpm (RCF=8470) and a volumetric 

throughput of 50 L h ' \  Full bowl solid discharges were performed manually every 2 

to 3 minutes depending on the supernatant clarity. Finally phosphate buffer (100 mM 

potassium dihydrogen phosphate, pH 6.5) was added to the collected sediment to give 

a final volume of 25 L for the downstream processing.

2.7.2.2 Downstream Processing.

The downstream processing was identical for both the fermented Baker’s yeast and the 

resuspended Baker’s yeast runs (see Figures 2.2 and 2.3).

The cell suspensions were disrupted in a K3 pilot-scale homogeniser (APV, Crawley, 

U.K.) at 500 bar for 5 passes, with cooling of the recycle stream. The average flowrate 

through the homogeniser was 288 L h ' \  All centrifugations were carried out using the 

high-speed disc stack centrifuge (type SAOOH 205, Westfalia, Milton Keynes, U.K.) 

at 10,000 rpm (RCF=8470) and equivalent settling area of 640 m^. The volumetric 

throughput was maintained at 50 Lh'^ and solids discharges were performed every 2 

to 3 minutes, or according to the results of the breakthrough analysis (Chapter 4). 

Batch precipitations were carried out in the 120 L reactor described in section 2.5 with 

the impeller speed maintained at 250 rpm throughout. In the first cut ammonium 

sulphate was added to give a final concentration of 40 % sat. In the second cut 

ammonium sulphate was added to give a final concentration of 60 % sat. The 

ammonium sulphate solution was added by rapidly pouring in the required volume at 

or near the impeller to effect rapid dispersion and mixing. Samples were removed 

from each process stream and analysed for total protein concentration as described in 

section 2.3.1, ADH activity as described in section 2.3.2 and dry weights as described 

in section 2.3.5. In addition all centrifuge feed and supernatant streams were analysed 

for particle size distributions as described in section 2.3.7.
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Figure 2.5 Block Flow Diagram of the Resuspended Bakers Yeast Process.
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Table 2.2. Composition of the Fermentation Medium.

Component Composition (g L'^)

(NH4 )2 .S0 4 17.8

KH 2 PO4 5.7

NaCl 0 . 1

Meso-inositol 0.16

Vitamins

d-biotin 0 . 0 0 0 1

calcium pantothenate 0 , 0 2

nicotinic acid 0.015

thiamine.HCl 0.004

pyridoxine 0 . 0 1  '

Trace Elements

FeCl^.b H 2 O 0 . 1

ZnS04.7 H 2 O 0.03

MnS0 4 . 2  H 2 O 0.032

H 3 BO4 0.015

C0 CI2 . 6  H 2 O 0.0056

NaMo0 4 . 2  H 2 O 0.005

KI 0 . 0 0 2

CUSO4 . 5  H 2 O 0.0008

All chemicals were obtained from BDH Ltd., (Hants., U.K.), Sigma Chemical Co. Ltd., 

(Dorset, U.K.) and Fisons Scientific Apparatus (Leicestershire, U.K.) unless otherwise 

stated.
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Table 2.3. Composition of Feed Medium.

Component Composition (g L*^)

Part A

Glucose 500

meso-Inositol 0.5

KH 2 PO4 15.7

NaCl 0.447

KCl 5.0

Yeast extract (Oxoid L21) 2 . 0

Part B

d-Biotin 0.004

calcium pantothenate 0.04

nicotinic acid 0.09

thiamine.HCl 0 . 1

pyridoxine.HCl 0 . 0 2

Part C

MgSO^.V H 2 O 5.83

CaCl.2 H 2 O 1 . 2

FeSO^.? H 2 O 0.25

ZnS04.7 H 2 O 0.05

MnCl2-4 H 2 O 0.05

C0 CI2 . 6  H 2 O 0 . 0 0 2

NaMo 0 4 . 2  H 2 O 0.05

CUSO4 . 5  H 2 O 0.04

All chemicals were obtained from BDH Ltd., (Hants., U.K.), Sigma Chemical Co. Ltd.,

(Dorset, U.K.) and Fisons Scientific Apparatus (Leicestershire, U.K.) unless otherwise 

stated.
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2.8 Simulation Studies.

All simulation and computation work was carried out on a Digital Workstation (Model 

Vaxstation II/GPX, Maynard, Massachusetts, USA). Simulation work was performed 

using the Speedup flowsheeting package, version 5.ID (AspenTech, Cambridge, U.K.). 

The following chapters present model details which are encoded within SpeedUp. 

Listings of the programs are provided in Appendix A4.

2.8.1 Speedup.

Speedup (simulation programme for the economic evaluation and design of unsteady- 

state processes) is a s ta te-o f-the-art  equation-oriented flowsheeting package, originally 

developed at Imperial College London (Sargent and Westerberg, 1964 and Pantelides, 

1988). Speedup’s capabilities include ; steady-state simulation, design and 

optimisation, dynamic simulation, and parameter estimation and data reconciliation 

facilities. Figure 2.7 provides a schematic description of Speedup.

The executive/translator part of Speedup is the visible element. The executive allows 

the user to manipulate information stored on the database, run problems, invoke 

postprocessors and specify how processing is to take place. The translator analyses the 

problem description and stores the information in coded form on the database. The 

executive/translator routines are written in standard PASCAL. These routines 

generate the FORTRAN program that will run during the numerical solution phase.

The input problem is solved through the use of the powerful techniques of symbolic 

and numerical computation. Speedup’s solution system can be divided into five 

categories:

1. The preprocessing routines, which process the equations before they are 

handed to the solution routines.

2. The steady-state solution methods.

3. The dynamic solution methods.

4. The optimisation routines.

5. The parameter estimation routines.

The preprocessors are called automatically by Speedup when required. Two 

preprocessors are used:

1. Block Decomposition - this decomposes the equation set into blocks
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2 .

which can then be stored in sequence independently of each other. This 

preprocessor is only used in steady-state calculations.

Symbolic Preprocessor - this performs symbolic differentiation of the 

equations to generate partial derivatives with respect to the unknowns.

In steady-state simulation and design the mathematical problem is that of solving sets 

of non-linear algebraic equations of the form:

f ix)  = 0 (2 .4)

Where x is a real vector of dimension n, f is area-valued set of functions of dimensions 

m 5  n arising from the physical model of the plant. In dynamic simulation the 

mathematical problem is that of solving sets of mixed-differential and algebraic 

equations (DAE's) of the form:

(2 .5)

(2 .6)

Where t is the time, x, y and u are usually referred to as the differential, the algebraic 

and the control variables of dimensions n, m and p respectively.

Input
File

User
Input

EDI
Output
File

Solution
System

Other
Fortran

Physical
Properties

Executive / 
Translator

Database

External Data 
Interface to 
Real time

Figure 2.7 Schematic Diagram o f SpeedUp Architecture.
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2.9 Conclusions.

The use of the SpeedUp flowsheeting package and the analytical methods previously 

described will allow the development and experimental verification of bioprocess 

models. Chapters 3 and 4 provide details of model development and verification for 

batch protein precipitation and centrifugation respectively. Chapter 5 provides 

verification studies for a complete downstream process and Chapter 6 extends the 

models to a completely different system.
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3. MODELLING OF PROTEIN PRECIPITATION.

3.1 Introduction.

Precipitation represents one of the most important operations for the laboratory and 

industrial scale recovery and purification of proteins. Such proteins include food 

proteins and enzymes used for analytical and industrial applications. A number of 

methods exist for precipitating proteins (Bell, 1982), the most common being salting- 

out using ammonium sulphate. This will be studied in the following work. Salting-out 

of proteins has been described as a balance between a salting-in effect due to 

electrostatic effects, and a salting-out process due to hydrophobic effects (Melander 

and Horvath, 1977). The process of precipitation can also be used to selectively 

fractionate a target protein from as many as a thousand contaminating proteins. 

Fractional protein precipitation is commonly performed on a two-cut basis, where in 

the first cut unwanted low solubility proteins are removed in the precipitate phase 

with only a small amount of the desired protein product being precipitated. In the 

second cut the majority of the desired protein with some contaminating protein is 

recovered as the precipitate phase. There is a need to optimise the points at which the 

cuts are made so that acceptable purification factors and yields are obtained (see 

section 1.2.2). A number of publications have focused on this problem, including an 

empirical method (Scopes, 1982), the specific property solubility test (Falconer and 

Taylor, 1946), the derivative line method (Dixon and Webb, 1961) and the 

fractionation diagram (Richardson and Dunnill, 1989). The specific property 

solubility test and the derivative line method were developed for fairly clean systems 

with well defined solubility behaviour, whereas the empirical method and 

fractionation diagram can deal with crude cell extracts. In this section of the thesis 

a mathematical model to simulate batch protein precipitation of a crude cell extract 

will be developed. The purpose of the model will be to predict the concentrations of 

target enzyme and total protein and the precipitate phase particle size distribution as 

a function of the key operational variables and parameters, for use in an overall 

process simulation (see Chapter 5). It is not intended therefore to be a rigorous 

precipitation model to provide a fundamental understanding of the process but an 

adequate, predictive engineering approach.

3.2 Model Development.

The modelling of a precipitation stage involves predicting both the solubility changes 

of the target enzyme and the total protein upon addition of the precipitating agent, 

and the subsequent precipitate phase particle size distribution (PSD) produced on
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precipitation together with how these parameters change with time and conditions of 

agitation in the precipitation vessel. Since centrifugation is commonly employed to 

effect precipitate removal or recovery and the centrifuge performance is highly 

dependant on the particle size and density, it is important to be able to predict the 

precipitate phase PSD and size-density relationships. Other factors such as the 

influence of cell debris loading were not studied in this thesis. The equations 

presented in the following sections were encoded within the equation-based simulator, 

SpeedUp and a listing of the program is presented in Appendix A4.

3.2.1 Solubility Profiles.

Many equations and methods have been utilised for describing protein solubility in 

precipitating systems. These range from the purely empirical such as Niktari et al. 

(1990) to the more fundamental approach of Mahadevan and Hall (1990). The most 

commonly used expression to describe protein solubility is the semi-empirical Cohn 

equation (Cohn, 1946). However as pointed out in Chapter 1 this expression only 

successfully describes the linear portion of the solubility curve, whereas the regions 

displaying fast transients are of more relevance to process design and control. For this 

reason the empirical expression of Niktari et al. (1990) will be used :

F = -------    (3.1)
1 + ( C » " *

where F is the fraction of total protein or enzyme remaining soluble, Cg is the 

concentration of ammonium sulphate expressed as % saturation, and a and m are 

constants.

The constant a has a large effect on the position of the solubility profile with respect 

to ammonium sulphate saturation needed for precipitation, and the constant m has a 

large effect on the gradient of the solubility profile. Equation (3.1) has been used 

successfully to generate solubility profiles of total protein and alcohol dehydrogenase 

(ADH) from clarified Baker's yeast homogenate (Niktari et al., 1989 and 1990). Using 

equation (3.1) the soluble phase total protein concentration and enzyme activity, for 

a simple batch precipitator, can be given by the following equations.

R f  = Fĵ  V. (3.2)

E f  = F^ E f  K. (3-3)
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where is the soluble phase total protein concentration in the outlet stream, 

Rj^°’ is the soluble phase total protein concentration in the inlet stream, is the

soluble phase enzyme activity in the outlet stream, Ej*°’ is the soluble phase enzyme 

activity in the inlet stream, is the outlet stream volume, Vj is the inlet stream

volume. Fp is the fraction of total protein remaining soluble and Fg is the fraction 

of enzyme remaining soluble.

3.2.2 Mass Balances.

To calculate the quantities of soluble and solid total protein and enzyme in the 

precipitator outlet stream a series of mass and activity balances must be carried out. 

In all cases due to the conservation of mass and activity, [Input] = [Output], assuming 

no activation or inactivation of enzyme activity with time. The following sections 

present the equations used.

Volume Balance

Before mass and activity balances can be completed the stream volumes must be 

calculated. The total volume in the outlet stream is given by the following equation.

= K, .  (3.4)

where V ppj is the volume of precipitant used. The volume of precipitant 

required to increase the solubility of the material from Cj to C 2  is given by equation

(3.5).

V.FPT
^  (3.5)

100 - C,

Total Protein balance

(R r ' + Rf'"') Vi = (R f '  + / ? r )  ^

where RjPP* and R^PP  ̂ are the precipitate phase total protein concentration in 

the inlet and outlet streams respectively.

Enzvme balance
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+ « r )  I'i =  ( C '  *

where EjPP* and E^PP* are the precipitate phase enzyme activity in the inlet and 

outlet streams respectively. Equations (3.6) and (3.7) assume that there is no change 

in enzyme activity across the unit operation due to dénaturation effects. For a first 

cut precipitation RjPP‘ and EjPP* can be assumed to be zero in equations (3 .6 ) and (3 .7 ).

3.2.3 Precipitate Particle Size Distributions.

In this section of the model development population balance equations will be used to 

predict the protein precipitate phase particle size distribution (PSD). As detailed 

earlier (section 1.2.3) the formation of the protein precipitate phase occurs via the 

processes of perikinetic growth and aggregation and orthokinetic aggregation. 

Perikinetic growth is a mechanism where the random motion or thermal energy of the 

protein molecules in a solution cause collisions. The removal of any hydration or 

electrical barriers to collision allows the association of protein molecules, to form 

small primary particles. Perikinetic aggregation is a mechanism where the small 

primary particles continue to grow by brownian motion. Orthokinetic aggregation is 

a mechanism where the fluid motion within the precipitation vessel causes collisions 

of the particles formed by perikinetic growth and aggregation. These collisions can 

cause aggregation or breakage of the particles. Perikinetic growth occurs in only 

fractions of a second after precipitant addition, whereas perikinetic aggregation and 

orthokinetic aggregation take a longer period of time, dependant on the conditions of 

agitation within the precipitation vessel. From an initial precipitate phase PSD the 

contributions of perikinetic growth and aggregation to the final PSD are negligible. 

Consequently for the purpose of generating a simple model to describe the precipitate 

phase PSD the processes of perikinetic growth and aggregation will be neglected in 

this study. If only orthokinetic aggregation is considered then the population balance 

for a batch system can be given by equation (3.8).

^  ‘ B . - D .  (3 .8)
d t ^  ^

where n is the number density of the protein precipitate material, t is the batch 

time, Bj  ̂ is the birth rate and D^ is the death rate. The birth and death rates consist 

of contributions from particle aggregation and particle breakage. In this form 

analytical solutions are difficult to find due to the complexity of the equations used 

for B and D. However the use of discretized population balances can ease the 

calculation and will be adopted in this thesis.
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The Discretized Population Balance (dpb).

The discretized population balance (dpb) (Gelbard and Seinfield, 1978) is a set of 

equations resulting from a transformation of the continuous population balance into 

a set of ordinary differential equations. The discretized equations are usually given 

in terms of the number of particles, Nj, in a finite size range, and are of the form:

dN.
d t

:  =  4>  N ^ )  / = U . . (3.9)

If there are n size ranges there will be n equations. In the literature two distinct 

alternatives are found for the discretization of the size domain; a linear or geometric 

progression in particle volume. In a linear progression the particle volumes are chosen 

so that Vj + Vj = Vj^j. In a geometric progression the particle volumes are arranged 

so that the ratio Vj^^/Vj is a constant. The most common geometric progression used 

is that of Vj^j/Vj = 2  or in the size domain dj^i/dj = '̂J’2 for mathematical 

convenience.

Particle Aggregation.

This section will present equations for aggregation based on a discretized population 

balance from the work of Hounslow (1988). The main requirement for aggregation is 

that the total particle volume is conserved. In this work the aggregation equation can 

be derived from a four binary interaction mechanism as described in Table 3.1.

Table 3.1 Aggregation Mechanisms.

Mechanisms Birth or Death in 

interval i

Collision between 

particles in intervals

1 Birth i - 1  and 1  -  i - 2

2 Birth i - 1  and i - 1

3 Death i and 1  -  i - 1

4 Death i and i -  »

93



This leads to the following equation for particle aggregation,

= W ,_ £ 2 ' - «  Wf-i
[ d t j Agg y-i

i- 1

h j N j
;=i y=«

(3.10)

The aggregation kernel, Pj j, can take many forms, ranging from the simplest 

expression of size-independent aggregation, Pjj=Po, to more complex expression for 

shear-induced aggregation. Table 3.2 gives some of the more common expressions for 

the aggregation kernel in various flow fields.

Table 3.2 Aggregation Kernels.

Mechanism Kernel, Pj j

Size-independent Po

Brownian motion Po(di+dj)(di'Vdj'^)

Shear flow Po(di+dj)

Turbulent flow Po(di+dj) 1 dj2-dj2|

In this study the size-independent aggregation kernel will be used in order to simplify

the parameter estimation procedures (section 3.3). Hence equation (3.10) can therefore 

be re-written as follows.

'dN>
\ d t j Agg

= P„ W, * ^  P„ Wf-,
y- 1  ^

i- 1

N ^ - N . Y ,  Po
/■I y=«

(3.11)

Particle Breakage.

Although many birth and death expressions are available to describe particle breakage 

a simple model is the two-body equal volume birth expression. In this model it is
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assumed that one large particle breaks into two smaller daughter fragments each of 

half the original particle volume. For this case the birth function is given as :

BJd) = 2 DJ2d) (3.12)

where, Dj^(d) is the particle death rate. Hartel and Randolph (1986) used a 

form of the death function which was proportional to the product of the number- 

density function and the particle volume.

D,  = é  n(d) (3.13)

Other forms of the death function for particle breakage can be found in Table 1.1 

(Section 1.2.3.3).

Using equations (3.12) and (3.13) Hounslow (1989) provided a discretized breakage 

model. In this model each time a particle in the i th interval breaks, two particles are 

formed in the ( i - 1 ) th interval. It can be shown that the rate of change of numbers in 

the i th interval is given by:

dN^
[ d t ) Break

(3.14)

where is the breakage rate constant and K ^is  a particle shape factor.

Now the aggregation and breakage terms can be brought together using equation (3.15).

+
'dN.' (3.15)

[ d t j Batch V ^  > [ d t j Break

From the final number-density particle size distribution the geometric mean size and 

the geometric standard deviation can be calculated, using the following equations 

(Irani and Callis, 1963).

d ,  =  exp i«l________
ï=n

E
1 =  1

(3.16)

o = exp i-1_______________
i~n

E Nii=l

(3.17)
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The precipitate phase particle size distribution of biological systems has been shown 

to approximate a log-normal distribution (Mannweiler, 1990). For any log-normal 

distribution d^ is defined as the value of d at which 50 % of the material is greater 

than, and 50 % smaller than the stated size.

The final number-density PSD can then be converted to a mass-density PSD using the 

following equation.

m i = ç i ^ K y d ] N i  (3.18)

where dj is the equivalent spherical diameter for each size class, Nj is the 

number of particles in each size class, is the particle density in each size class and 

Ky is the particle shape factor, assumed to be ir / 6  (spherical particles).

In order to predict the mass-density PSD the particle density for each size class is 

required. The existence of a density-size relationship for protein precipitates and 

floes has previously been demonstrated (Bell et al., 1982). The aggregate density-size 

relationship for precipitating systems can be given by the following equation.

Pa = P, + ^  d~i (3.19)

where is the liquid density and K and n are constants. Using equation (3.18) 

and (3.19) the mass-density PSD can be predicted and therefore the total mass of 

precipitate calculated. However the precipitate mass calculated from this method is 

usually found to be less than that predicted from the solubility and mass balance 

equations (3.1 to 3.7). This discrepancy may be explained as follows. Mankosa and 

Adel (1991) identified that many particle size analysers, such as the electrical sensing 

zone technique, have a lower detection limit, below which they are incapable of 

detecting and recording the presence of particles. Also calibration of the device leads 

to a measuring window which means that particles falling outside the window will not 

be measured. However the calibration was such that the window measured the larger 

size particles but missed a proportion of the smaller size particles. Thus the mass of 

these particles is not included when the instrument computes the PSD. In this thesis 

the mass-density distribution can be corrected for the missing mass by the following 

equation.

m, R T
" i ; ;  (3.20)

i=l
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where is the mass calculated from the solubility and mass balance

equations and m^j is the corrected mass-density PSD, The particle size distribution is 

now in the correct form for an input to the centrifuge model, (see Chapter 4). Having 

determined the expressions to be used in calculating the mass and activity balances 

around the precipitation stage it is necessary to calculate key parameters and constants 

used in equations (3,1), (3,11) and (3,14), The methods used are presented in the 

following section,

3,3 Parameter estimation.

This section provides methods for the estimation of key parameters and constants used 

in the models for predicting total protein and enzyme solubilities and the precipitate 

phase particle size distribution.

The parameters a and m in the solubility expression can easily be calculated from 

experimental data using linear regression. Equation (3,1) can be rearranged to give the 

equation of a straight line :

= m ln(C) -  m ln(a) (3 .21)

The parameter m is obtained from the gradient of the straight line and the second 

parameter, a, is calculated using the intercept of the line with the ordinate and the 

gradient,

m = Gradient (3 .22)

a = Exp{-InterceptlGradient) (3.23)

For the population balance a FORTRAN program was developed to calculate the 

aggregation and breakage rates, Pq and Kj) respectively, A flowchart for the program 

is provided in Figure 3,1, The program was based on the properties of moments, where 

the j th moment of a particle size distribution is defined as:

m. = f  n(d) dd  (3 .24)
0

For a discretized particle size distribution, equation (3.25) can be recast as:
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m, = Z  4  N, (3 .25)

The first four moments (mg, m^, m 2  and m 3 ) hold particular significance since they are 

related to total number, length, area and volume of solid per unit volume respectively. 

In this study it was assumed that the total volume of particulate material is constant, 

i.e. m3  is constant, so that the rate of change of the third moment is zero. However the 

zeroth moment will change with time depending upon the relative magnitudes of the 

aggregation and breakage rates. It can be shown for simultaneous aggregation and 

breakage that;

m, (3.26)
^  2  ‘ 0  ® ^  3

Equation (3.26) can be used to calculate the rates of aggregation and breakage. From 

a plot of dmg/dt against mg^ the parameters |3g and Kj) can be obtained using linear 

regression. In the program the input parameters are the number-density PSD at each 

time step. From this data the moments are calculated from which the rate of change 

of the zeroth moment is calculated via a polynomial fit in Chebyshev series form, 

using appropriate routines from the NAG library (NAG library, 1983). Second order 

polynomial fits were used, this being the minimum order able to describe the moment 

distributions while avoiding anomalous inflexion points from higher order fits. The 

NAG subroutines used were; E02ADF, E02AEF, E02AHF and E02AKF. The routine 

E02ADF computes weighted least-squares polynomial approximations to an arbitrary 

set of data points. E02AEF evaluates a polynomial from its Chebyshev series 

representation. E02AHF determines the coefficients in the Chebyshev-series 

representation of the derivative of a polynomial given in Chebyshev-series form. 

E02AKF evaluates a polynomial from its Chebyshev - series representation, allowing 

an arbitrary index increment for accessing the array of coefficients. From equation 

(3.26) the rates can be given by the following equations.

Pq =2x(-Gradient) (3.27)

Kjy = Intercept (3.28)

3.4 Materials and Methods.

The following section details the particular experimental methods used in the 

generation and verification of the batch precipitation model.
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Protein precipitation studies were conducted at three different scales of operation as 

described in section 2.5. Samples were removed from the vessel and assayed for dry 

weight as described in section 2.3.5, soluble and precipitate phase total protein as 

described in section 2.3.1, and soluble and precipitate phase ADH activity as described 

in section 2.3.2. Particle size analysis was performed using the electrical sensing zone 

method as described in section 2.3.7.1. The photosedimentation method as described 

in section 2.3.7.2 was used in conjunction with particle size information to estimate the 

precipitate size-density relationship.

3.5 Results and Discussion.

Before examining the precipitation of proteins it was necessary to demonstrate that 

the programming and implementation of the model within the SpeedUp environment 

was correct and conformed to expectations. To accomplish this typical values for the 

constants a and m in equation (3.1) were used to examine their effects on solubility 

profiles. Figures 3.2 and 3.3 were generated using equation (3.1). Figure 3.2. shows the 

change in protein solubility plotted against precipitant concentration as a function of 

m with a fixed at 50 for this calculation, (these values being typical of total protein 

and ADH solubility profiles [Foster, 1972 and Richardson, 1987]). The curves are 

sigmoidal in shape, starting at a fraction soluble of 1  and converging to 0  at high 

precipitant concentrations. At increased values of m the convergence to 0 is more 

rapid at the higher precipitant concentrations. There is a common point of 

intersection independent of m, but dependant on a. When a=50 the common 

intersection point has coordinates (50,0.5). Figure 3.3 shows the change in solubility 

plotted against precipitant concentration as a function of a with m fixed at 4 for this 

calculation, again these values being typical for total protein and ADH solubility 

profiles (Foster, 1972 and Richardson, 1987). The curves are sigmoidal in shape 

starting at a fraction soluble of 1  and converging to 0  at high precipitant 

concentrations. At smaller values of a the convergence is more rapid.

Using the population balance with kinetic equations for particle aggregation and 

particle breakage (equations 3.11, 3.14 and 3.15), a theoretical initial particle size 

distribution was used to derive plots of geometric mean, d^ , and geometric standard 

deviation, o, under different operating conditions. The initial particle size 

distribution was characterised by geometric mean size, d^=1.5 pm and a geometric 

standard deviation, o=1.5 pm and was assumed to be log-normal in nature (Mannweiler 

1989). These parameter values are known to be typical of those measured for real 

protein precipitate systems. Figure 3.4 provides the full normalised distribution. 

Figure 3.5 shows the change in d^  and o as a function of the aggregation kernel,
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with the breakage rate constant, K^, constant at 0 . 0  (only aggregation and no 

breakage). As expected the graph shows increasing d^ and a with increasing Pg. It 

can be seen that o is quite insensitive to changes in Pq. Figure 3.6 shows the change 

in d^ and o as a function of the breakage rate constant, Kq, with the aggregation 

kernel, Pg, constant at 0.0 (only breakage and no aggregation). Also as expected d^  

and a decrease rather rapidly. Figure 3.7 shows how the geometric mean size, d̂  ̂ and 

the geometric standard deviation, a, changes with time in the batch reactor. The 

graph clearly shows the advantage of large ageing times at high values of the 

aggregation kernel and low values of the breakage rate constant. The figure also 

shows that the geometric standard deviation, o, is relatively insensitive to the 

magnitude of the aggregation kernel, breakage rate constant and the ageing time.

Precipitation trials were conducted to obtain total protein and alcohol dehydrogenase 

(ADH) solubility profiles plotted per unit volume of original solution and generated 

for each scale of precipitation reactor for a range of biomass levels and extents of 

clarification. Figure 3.8 shows soluble and precipitate phase total protein 

concentration plotted against ammonium sulphate concentration for the 1.4 L reactor. 

Figure 3.9 shows the corresponding soluble and precipitate phase ADH activity plotted 

against ammonium sulphate concentration. The soluble phase material shows a typical 

sigmoidal shape. There is a maximum concentration/activity for precipitate phase 

material corresponding to 55 - 60 % ammonium sulphate saturation. After this point 

there is an unexpected decease in precipitate phase concentration/activity. In order 

to assess whether the fall in concentration/activity was due to dénaturation at high 

precipitant concentrations a series of batch precipitations were conducted. Figures 

3.10 and 3.11 provide total protein and ADH measured in the precipitate phase plotted 

against batch ageing time respectively. In both figures the relatively constant levels 

of precipitate phase material throughout the ageing period indicate that precipitation 

is, as far as the process is concerned, instantaneous and that no further precipitation 

occurs over time. Furthermore this analysis confirms the stabilising influence of 

ammonium sulphate solution as there is no dénaturation evident over the time course. 

This analysis does neglect the fact, however, that during the ageing time the protein 

precipitate phase PSD will change due to the processes of particle aggregation and 

breakage. The reason for the decline in precipitate phase concentration/activity in 

Figures 3.8 and 3.9 can either be attributed to the inability of the laboratory 

centrifuge to sediment the precipitate phase at high precipitant concentrations, in the 

assay procedures, (this phenomenon will be seen at the pilot-scale in Chapter 4), or the 

precipitate material may have been lost during the decanting of the supernatant in the 

assay procedures.
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The data presented in Figures 3.8 and 3.9 can alternatively be plotted as fraction 

remaining soluble. Figure 3.12 shows the fraction of total protein and ADH remaining 

soluble plotted against ammonium sulphate concentration in the 1.4 L reactor. The 

points correspond to experimental data and the curves to simulated data using 

equation (3.1) with the constants in equation (3.1) obtained as described earlier (section 

3.3). The fraction of total protein remaining soluble plotted against precipitant 

concentration for the 1.4 L, 4.4 L and 120 L reactors is shown in Figure 3.13 whilst 

Figure 3.14 provides the corresponding data for the fraction of ADH remaining 

soluble. The profiles presented show little variation even though the curves were 

obtained at different scales of operation, different biomass levels and different levels 

of clarification. The similarity of the solubility profiles derived from different

reactors has been noted previously by Foster (1972). Foster concluded that solubility

profiles were independent of reactor volume for geometrically similar systems. 

However the effect of biomass level or total protein concentrations can lead to a 

reduction in the resolution of fractional precipitation caused by significant protein- 

protein interactions at higher concentrations (Bell et al., 1983), although Richardson 

(1987) found no such decrease in resolution for the yeast homogenate/ammonium 

sulphate system under study in this thesis. Foster (1972) found the ammonium 

sulphate concentration range for ADH precipitation to be independent of the initial 

protein concentration. Although when plotted as fraction remaining soluble slight 

changes in the profiles were evident and the gradients of the profiles were relatively

constant. Foster (1972) studied the effects of cell debris loading on the solubility

profiles of total protein and ADH. No significant difference was observed in the 

profiles for cell debris loadings ranging from 1 to 5 %(v/v). Russel (1980) in a similar 

study using salicylate hydroxylase from a Pseudomonas species observed large 

differences when the enzyme was precipitated with polyethylene glycol (PEG), but not 

when the precipitant used was ammonium sulphate. Richardson (1987) detected a shift 

in the solubility profiles of total protein and ADH from pre-clarified and non

clarified yeast homogenate, although there was no change in the fractionation 

achieved. The shift in solubility profiles was attributed to the higher initial starting 

concentrations of ADH and total protein in the case of unclarified homogenate. 

However Alsaffar et at., (1993) observed some reduction in fractionation achieved at 

high suspension concentrations. It is still not clear whether the solubility profile 

should be independent of reactor volume, initial biomass concentration and degree of 

clarification. However in this study it will be assumed that the solubility profiles for 

total protein and ADH are constant when plotted as fraction remaining soluble, 

especially so once experimental error is taken into account, although at high initial 

concentrations the solubility profiles may shift to the left hand side. In order to 

define fixed total protein and ADH solubility profiles for this system the constants
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a and m in equation (3.1) for each reactor were averaged to yield a pair of constants 

for the system. Figure 3.15 provides the resultant average total protein and ADH 

solubility profiles. In a fractional protein precipitation process it is generally assumed 

that the actual taking of a cut does not influence the solubility behaviour of the 

products or contaminants remaining after the cut. However after a cut has been made 

the amount of insoluble components is reduced drastically and this may influence the 

behaviour of the system further downstream. From a modelling point of view, after 

a first precipitation and solid-liquid separation step the precipitate phase material is 

reduced to approximately zero, whereas the soluble phase material has been reduced 

in content compared with that present before precipitation. This means that the 

solubility profiles for the first and second cuts will be different, leading to altered 

values for the constants a and m in equation (3.1). The values of the constants for the 

second cut will depend on the position of the first cut.

In order to assess the effect of the position of the first cut on the subsequent solubility 

profiles, the profiles provided in Figure 3.15 were used to calculate a series of "new" 

solubility profiles at 10 % sat. ammonium sulphate solution intervals. For each new 

solubility profile the constants a and m in equation (3.1) were calculated using the 

parameter estimation procedure outlined in section 3.3. The constant a and m were 

then plotted against the position of the first cut to provide correlations for a and m 

in a two-cut fractional precipitation process. Figure 3.16 shows the effect of the 

constant a for total protein and ADH with the position of the first cut. Figure 3.17 

shows the effect of the constant, m for total protein and ADH with the position of the 

first cut. The constants a and m used to construct the second cut solubility profile can 

simply be read from Figures 3.16 and 3.17, knowing the position of the first cut 

precipitation. If the first cut is at the lower end of the full solubility profile (10 to 

30 % sat.), then the constants do not change to a great extent. However, if the first cut 

is taken towards the end or middle of the full solubility profile (40 to 90 % sat.) as is 

more generally the case, then the constants are substantially altered, with a general 

increase in the magnitude of constants a and m. This means that the total protein and 

ADH solubility profiles for the second cut will shift to the higher precipitant 

concentrations and the gradient of the profiles will increase. An increase in constants 

a and m in equation (3.1) leads to an increase in the overall yield of the process. The 

effect of these constants on the purification factor is less clear, since the constants for 

the target enzyme and total protein are difficult to relate. Although if an identical 

change in the constants a and m in equation (3.1) were applied to the total protein and 

ADH solubility profiles, the purification factor will remain unaltered. If a 

relationship existed between the constants for total protein and ADH then the effects 

of changes in these constants on the subsequent purification factor could be readily
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defined.

In a batch precipitation process it is important to age the precipitate material in order 

to increase the size, density and strength of the resultant aggregates for maximal 

recovery of the precipitate phase in any subsequent solid-liquid separation unit 

operation. For the batch ageing of a precipitate suspension the improvement in 

aggregate strength is dependant on the level of shear (stirrer speed) and the residence 

time in the reactor. These parameters can be incorporated into an ageing group, Gt, 

known as the Camp number. It has been proposed that a value of Gt  ̂ 10^ is necessary 

for maximum aggregate strength (Bell and Dunnill, 1982), In order to calculate the 

Camp number the average shear rate within the reactor is required, which is given by 

the following equation (Vraie and Jorden, 1971),

G =
2nNjTf^ (3.29)

where Nj is the impeller speed, V is the volume of suspension in the reactor, p 

is the dynamic viscosity of the material and Tj^ is the motor torque. The torque is

determined from an empirical correlation given by the following equation (Hill and

Kime, 1976),

7^ = 7,21x102 n ] d ] (3.30)

where Dj is the impeller diameter.

The change in PSD is shown in Figure 3,18 for the experimentally determined

normalised number-density particle size distributions obtained at six minute time 

intervals for a 40 % sat. cut prepared in the 1.4 L precipitation reactor at a low shear 

rate of 40 s ' \  and an total ageing time of 42 minutes to give a Camp number of 10^. 

The graph clearly shows growth of the precipitate material by particle aggregation, 

with a reduction in the proportion of fine aggregates of approximately 1,5 pm in 

diameter and an increase in the proportion of larger aggregates of approximately 2  - 

4 pm in diameter. In this study it was observed that 40 % sat, precipitate particles are 

generally larger than 60 % sat, precipitate particles when the first cut has been 

removed by centrifugation. However when the first cut was taken at 60 % sat,, the 

precipitate particle size was found to be comparable when the first cut was taken at 

40 % sat.

At the end of the batch ageing period it is necessary to predict the precipitate phase 

mass-density particle size distribution (PSD) in order to estimate the efficiency of
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centrifugal separation of the solid and liquid phases (see chapter 4). The mass-density 

PSD can be calculated from the number-density PSD using equation (3.18). In order 

to predict the number-density PSD correlations for the aggregation kernel, Pg, and the 

breakage rate constant, K^, with average shear rate within the precipitation reactor 

are required. A number of precipitation trials were conducted using the 1.4 L 

precipitation reactor as described . in chapter 2, section 2.5 to define (Jg and Kq at a 

number of average shear rates. The FORTRAN program described in section 3.3 was 

used to calculate the aggregation kernel, (3g, and breakage rate constant, K^, for each 

shear rate studied. The results are plotted in Figures 3.19 and 3.20. In both cases it 

was possible to use a single curve to fit both the 40 % sat. and 60 % sat. prepared 

material since there was little difference between the two sets of data. Figure 3.19 

shows the aggregation kernel plotted against the average shear rate for 40 % sat. and 

60 % sat. prepared material in the 1.4 L precipitation reactor. The curve shows an 

exponential increase in the magnitude of the aggregation kernel, Pg, with average 

shear rate. This curve can be characterised by equation (3.31).

Po = A exp (3.31)

where G is the average shear rate and A and B are constants. Figure 3.20 shows 

the breakage rate constant, Kj), plotted against the average shear rate for 40 % sat. and 

60 % sat. prepared material in the 1.4 L precipitation reactor. The curve shows a linear 

increase in the breakage rate constant, K^, with average shear rate. This curve can 

be characterised by equation (3.32).

Kj, = CG + D (3.32)

where G is the average shear rate and C and D are constants.

The correlation between the 40 % sat. and 60 % sat. prepared material in both of these 

figures is excellent, which is due to the fact that, in calculating Pg and Kq for the 60 

% sat. prepared material the 40 % sat. cut material was not removed. Hence both 

precipitate phases primarily consist of total protein. However if the 40 % sat. cut 

material was removed it is expected that the correlation would be equally applicable. 

These results also confirm that the formation of a precipitate phase PSD during a 

batch ageing period is the result of a dynamic equilibrium between the competing 

effects of particle aggregation and particle breakage.

Using equations (3.31) and (3.32), the population balance equations (3.11), (3.14) and 

(3.15) and an initial number-density particle size distribution the precipitate phase 

number-density PSD can be predicted for any specified time up to the maximum
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ageing time. Figure 3.21 shows a normalised number-density PSD prepared in the 1.4 

L precipitation reactor for 40 % sat prepared material. The figure shows that the 

mechanisms of aggregation and breakage can be used to describe successfully the 

precipitate phase PSD. Here the simulated results match the experimental results 

remarkably well predicting a typical skewed distribution with a mode diameter of 1.15 

pm compared with a measured value of 0.99 pm. The model can also be used to 

predict accurately the change in PSD properties that occur during the conditioning of 

the precipitate in the precipitation reactor. From the number-density PSD provided 

in figure 3.20 various statistics can be calculated. The geometric mean size, d^ , and 

the geometric standard deviation, a, were calculated using equations (3.16) and (3.17). 

The results are plotted against the batch ageing time for a shear rate of 40 s"^ in the

1.4 L precipitation reactor and are shown in Figure 3.22. The points correspond to 

experimental data and the curves to simulated data. Similar levels of agreement were 

observed between the experimental and simulated results for the 4.4 L and 120 L 

precipitation reactors (data not shown). The predicted levels of aggregation shown by

the geometric mean size, d^ , and the geometric standard deviation, o, could be

matched to the experimental data well, although some divergence was apparent at high 

ageing times. At higher shear rates this divergence was more pronounced, the reasons 

for which are discussed below.

The discrepancies between the experimental and simulated data in Figures 3.21 and 

3.22 can be explained as follows. In this study all particle size distributions have been

calculated using the electrical sensing zone method technique described in section

2.3.7.1, and this method has a lower size limit of approximately 0.6 pm (Allen, 1990). 

In the precipitation trials at high average shear rates detailed in section 2.5, particle 

breakage predominates over particle aggregation leading to the formation of particle 

size distributions with much smaller particles. Consequently a large proportion of the 

total particle size distribution will not be measured and will appear to be missing. 

This inevitably leads to erroneous calculations of the aggregation kernel, Pq» 

breakage rate constant, K^, in the parameter estimation routines outlined in section 

3.3, which in turn will lead to erroneous particle size distributions at high shear rates. 

From a truly predictive viewpoint this is an obvious short-coming of the simple 

modelling approach. However it is the smaller size range which will be missing in the 

predicted PSD. The effect on the mass-density distribution will be relatively small, 

since the small sized particles contribute little to the mass-density distribution. Also 

since the model output will eventually be used as part of a complete bioprocess 

sequence simulation for estimation of centrifugal recovery, this loss in mass is not 

serious.
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From the final number-density PSD the mass-density PSD can be calculated using 

equation (3.18), once the precipitate phase aggregate density is known. The density of 

the precipitate material is given by equation (3.19). In order to calculate the 

precipitate phase density a matching procedure was used. In this method the volume- 

density PSD determined using the electrical sensing zone method detailed in section 

2.3.7.1 was matched to the mass-density PSD determined using the 

photosedimentometer method described in section 2.3.7.2. Aggregate density-size plots 

are provided in Figure 3.23 for both 40 % sat. and 60 % sat. prepared material. Both 

sets of data show a trend of decreasing aggregate density, pg, with increasing 

aggregate size. As the aggregate size decreases the aggregate density approaches a 

maximum value, defined by the primary particle density. From Figure 3.23 linear 

regression was used to calculate the constants in equation (3.19). In this study the 

aggregate density-size relationships for yeast protein precipitates using saturated 

ammonium sulphate solution as the precipitant can be given by the following 

equations.

For 40 % sat. precipitated material the aggregate density-size relationship is given by 

equation (3.33).

-  1100 = 56 (3.33)

For the 60 % sat. precipitated material the aggregate density-size relationship is given 

by equation (3.34).

p̂  -  1150 = 40 d^'̂ ^ (3-34)

The exponents in equations (3.33) and (3.34) compare well with the Void model 

exponent of -0.676 (Lagvankar and Gemell, 1968) but are larger than those found by 

Bell ef fl/. (1982), -0.408, for isoelectric soya protein precipitate and, -0.441,for casein 

precipitated by ammonium sulphate solution. This indicates that the 40 % sat. 

prepared material corresponds well to the successive random addition of primary 

particles, whereas, the 60 % sat. prepared material will be much more loosely packed 

which has important implications in the subsequent centrifugation step. (The effects 

of such an aggregate density-size relationship on subsequent centrifugal separation are 

demonstrated in Chapter 4).

Using the aggregate density-size relationships given by equations (3.33) and (3.34) and 

equation (3.18), the number-density PSD can be converted into a mass-density PSD. 

A normalised mass-density PSD is provided in Figure 3.24 for 40 % sat. prepared 

material in the 1.4 L precipitation reactor. A point of inflexion is indicated in the
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precipitate phase mass-density with increasing particle size. By comparing the total 

precipitate mass predicted from equations (3.1 to 3.7) and (3.18) leads to an 

overprediction of approximately 14 % for 40 % sat. prepared material and 

approximately 16 % for the 60 % sat. prepared material. Equation (3.20) was used to 

correct the mass-density PSD for the missing mass. A discretized form of figure 3.24 

can now be used as an input parameter for the disc stack centrifuge model, the 

development of which will be presented in Chapter 4.

3.5 Conclusions.

•  A batch precipitation model has been developed which is based on an empirical

fit of solubility profiles for both total protein and alcohol dehydrogenase 

(ADH), and a batch population balance with kinetic equations for particle 

aggregation and particle breakage to describe the subsequent precipitate phase 

particle size distribution (PSD). The input parameters required are the 

impeller speed and an initial number-density PSD.

•  The model has been thoroughly tested within the SpeedUp environment.

•  The model accurately describes the solubility profiles of total protein and ADH

for a variety of precipitation reactor scales, initial biomass levels and degree 

of cell debris clarification.

•  Pilot-scale verification trials have related population balance parameters to the

average shear rate and batch ageing time within the precipitation reactor.

•  Aggregate density-size functions for both 40 % sat. and 60 % sat. prepared

material have been defined.

•  Using the population balance and aggregate density-size function a mass-

density distribution has been predicted which can be used as an input to the 

centrifuge model (Chapter 4).
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Figure 3.1 Flowchart for the Protein Precipitate Parameter Estimation Routines.
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4. MODELLING OF CENTRIFUGATION.

4.1 Introduction.

Centrifugal separation is in widespread use within the biotechnology industry, with 

the disc stack centrifuge being the most common machine used for the separation of 

biological materials. The disc stack centrifuge can be used for the continuous 

recovery or removal of many different biological particles. These include the 

separation of cells from fermentation broths (Higgins et al., 1978, Datar and Rosén, 

1987), the removal of cell debris after a disruption step (Datar and Rosén, 1987, 

Mosqueira et al., 1981) and the separation of precipitate particles (Bell and Dunnill, 

1982, Hemmingsen, 1979). In this section of the thesis a mathematical model to 

simulate the separation of a range of biological material in a disc stack centrifuge will 

be developed.

4.2 Theory.

This section presents the basic theory of particle sedimentation within the disc spaces 

of the centrifuge (Mannweiler, 1990). The disc stack centrifuge contains a set of 

truncated discs separated by spacer ribs, rotating at very high velocities. The feed is 

introduced to the rotating bowl, directed to the bottom of the disc stack where it 

passes into the narrow disc spaces of the disc stack where separation of the solid 

particles from the suspending liquor takes place. Inside the disc stack particles move 

in an upwards direction until they reach the underside of a disc, after which they 

move downwards along the disc and into the sediment holding space. The clarified 

liquid flows to the top of the bowl where a centripetal pump discharges the liquid 

phase.

Particle sedimentation is generally based on Stokes Law. Although there are a number 

of assumptions inherent in Stokes Law it is still the most useful starting point for 

describing centrifugal separation. The gravitational sedimentation velocity, Vg, is 

given by the following equation.

,  Ap .  (4.1)
» 18 |i

where d is the particle diameter, Ap is the solid-liquid density difference, p is 

the suspension viscosity and g^ is the gravitational constant. The sedimentation 

velocity, V^, of a solid particle settling in a centrifugal field is related to the 

gravitational sedimentation velocity, Vg, by:
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n  = y , —  (4.2)
* g.

where ù> is the angular velocity of the centrifuge bowl, r is the radius of 

rotation.

A number of simplifying assumptions are made in the following theory as outlined 

below:

1. Particles are spherical in shape and do not aggregate or deaggregate 

during their passage through the centrifuge,

2. The particles are evenly distributed in the continuous liquid phase and 

their concentration is sufficiently low that hindered settling may be 

neglected.

3. The settling velocity of the particles in the centrifugal field, V^, does 

not exceed the conditions laid down by Stokes Law. (i.e. Particle 

Reynolds number should be no greater than 0.5).

4. Laminar flow at all points of the disc space and the continuous phase 

is evenly divided between all the disc spaces.

5. Particle separation is irreversible (i.e. separated particles do not re-enter 

the liquid phase by mixing).

6 . The velocity profile of the suspension normal to the disc surface is 

symmetrical.

7. The flow lines of the continuous liquid phase are directed everywhere 

radially and no tangential flow occurs.

Since the continuous liquid phase is evenly divided between the disc spaces, the flow 

in each disc space, q, is therefore q=Q/Z, where Q is the total flow through the whole 

disc stack and Z is the number of discs (See Figure 4.1). The flow of the liquid phase 

is assumed to have the same angular velocity as the disc stack. Under these conditions 

the relationship between the single passage throughput, q, and the meridian fluid 

velocity, V(h), is given by:

h

q = QIZ = f  2 n r  V(h) # )  (4.3)
0

where r describes the radial position in the disc space and h is the gap width. 

To evaluate the performance of a disc stack centrifuge it is convenient to calculate the
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gravitational sedimentation velocity, Vg, of those particles which will just be separated 

from the continuous liquid phase when starting at the upper surface of the lower of 

the two discs defining the disc space, at the outer radius, Rq, and reaching the settling 

wall which is the lower surface of the upper of the two discs, before the liquid leaves 

the disc space at the inner disc radius, R;, (see Figure 4.1). In order to do this it is 

necessary to estimate the velocity components.

The flow velocity as a function of the radius of rotation is given by:

VQi) = - J — ^  (4.4)
27tr dh

The particle trajectory in the disc space is composed of the radial particle settling 

velocity:

K = A  = __ ^ __  (4.5)
 ̂ dt dt Cos 0

where 6  is the disc angle as defined in Figure 4.1. The particle velocity, Vp, 

parallel to the disc surface is approximately equal to the velocity of the continuous 

liquid phase, V(h), and is given by :

V  ^ vih) = —  = — ——  (4.6)
 ̂ dt dt S ind

Writing equations (4.5) and (4.6) for dt gives the so-called "differential quotient" of the 

particle trajectory :

dr -  tan 0 dh (4.7)

Substituting the liquid phase velocity, V(h), of equation (4.7) by the expression given 

in equation (4.4) gives:

dr = — -—  tan 0 —  (4.8)
2 71 r

Rewriting equation (4.8) in terms of dq gives:

dq = V^lTir Cot 0 dr (4.9)

The settling velocity, of a particle of size d relative to the continuous phase in the

centrifugal field is defined by equation (4.1). Therefore substituting the centrifugal 

settling velocity of a particle, V^, in equation (4.9) gives:
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d q ‘ V, dr (4.10)
 ̂ g tan 6

Integration of equation (4.10) between the two boundaries Rq and Rj gives the 

relationship between the single passage throughput capacity, q, and the gravitational 

settling velocity, Vg, of those particles which are just removed from the liquid phase 

in the disc space.

For a disc stack containing Z discs equation (4.11) becomes:

In the above expression the first factor, Vg, refers only to the settling characteristics 

of the particles distributed in the continuous liquid phase and the second factor refers 

to the geometrical and mechanical features of the disc stack centrifuge. Hence 

equation (4.12) can be rewritten as:

Ç = E (4.13)

where.

S = {r I -  R?) (4.14)
3gtan 0

E has the units of area and corresponds to the area of a gravity settling tank capable 

of the same separation performance as the disc stack defined by the parameters in 

equation (4.14). The performance of the centrifuge can be described using the so- 

called "Sigma Theory" (Ambler, 1952). The Sigma theory compares the settling area 

of a given centrifuge, calculated on the basis of the geometry and speed of the 

centrifuge, with the settling area of a gravity settling tank capable of the same 

separation performance as the centrifuge. In most centrifuges the discs are separated 

from each other with spacer ribs. These spacer ribs effectively reduce the separation 

area of the disc stack, by an amount occupied by the spacer ribs, which are typically 

a few millimetres wide. The equivalent separation area for a complete disc stack is 

then given by:

where, the correction factor, f^, is given by:
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3^  1 - iRJKŸ (4 .16)
1 -

where, is the number of spacer ribs on a single disc and b^ is their width. 

If point spacers are used then fL = 1- For small centrifuges the spacer ribs decrease the 

equivalent settling area by approximately 1 0  % but this value reduces rapidly as 

machines become larger. In this work the decrease in equivalent settling area from the 

spacer ribs will be ignored.

Defining a specific throughput capacity:

Ç ^  (4.17)

and comparing this expression with equation (4.13) shows that all particles with a 

gravitational settling velocity of Vg  ̂q  ̂are removed from the continuous liquid phase 

in the disc stack.

q = V = — (4.18)

where Vg  ̂ is the critical settling velocity and can be obtained from Stokes Law. 

Substituting equation (4.2) into equation (4.18) gives :

Q .  ^  g (4.19)
2  IS

Only particles which have a gravitational settling velocity greater than or equal to the 

critical settling velocity, Vg^, will be separated in the disc stack. The separation limit, 

also known as the critical particle size, d^, may be obtained by solving equation (4.19) 

for the particle diameter :

d. = 18 C? p (4.20)
A p S g

This equation states that only particles which have a diameter greater than or equal 

to dg will be recovered in the disc stack. Particles smaller than dg will, to a certain 

extent, also be recovered. Since the particles are considered to be evenly distributed 

across the entrance to the disc space particles starting at the outer disc radius, but not 

necessarily at the upper surface of the lower of the two discs, but somewhere in 

between may be of a smaller diameter than dg. These may still be separated from the 

continuous liquid phase since they have a shorter distance to move in order to be 

separated. The probability of particles of gravitational settling velocity less than Vgg
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being recovered from the continuous liquid phase in a disc stack centrifuge is given 

by the grade efficiency, T.

7- = (4.21)

The grade efficiency is a essentially a probability term rather than a distinct 

occurrence because as indicated above different particles of the same size are subject 

to different conditions when passing through the separator. If one particle of a 

certain size enters the centrifuge it will either be separated or it will pass through 

with the fluid. The grade efficiency will be therefore 100 % or 0 %. If two particles 

of the same size enter the centrifuge, the grade efficiency may be 100 %, 50 % or 0 %, 

depending on whether the centrifuge separates both, one or neither of the particles. 

This probability value of the grade efficiency occurs because different particles (of 

the same size) experience different conditions when passing through the centrifuge, 

due to irregularities in the flow regime, and the different surface properties of 

particles (of the same size), which could be expected to influence their rate of 

sedimentation. The grade efficiency, T, increases linearly with the gravitational 

settling velocity, Vg, until it equals the specific throughput capacity (Vg=Vgg=qJ. For 

particles for which the gravitational settling velocity, Vg, is equal to or greater than 

Vgg, the grade efficiency has a value of unity. Owing to the square relationship 

between the settling velocity and the particle size, equation (4.21) can be formulated 

by the following equations.

T = for d<d  ̂ (4.22)

T = 1 for d^d^ (4.23)

The above equations apply to an idealised case following Stokes Law and many

deviations from this theory exists. The main deviations are non-ideal velocity profiles 

between the discs, and other flow disturbances, hindered settling and resuspension of 

settled particles. These features will be addressed at appropriate points within the 

chapter.

4.3 Model Development.

A number of elements must be considered when modelling a disc stack centrifuge. 

These include the processes of particle separation, hindered settling and particle 

breakage of delicate materials such as precipitates and floes in the centrifuge

feedzone. Using these processes leads to the formation of mass balances. Each element
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will be dealt with separately in the following sections.

4.3.1 Particle Separation.

Mannweiler (1990) examined the separation of latex particles and soya protein 

precipitate particles in a disc stack centrifuge. In both cases the deviation from theory 

meant that full particle recovery was not achieved until d/d^ > 2.5. Mannweiler (1990) 

approximated the grade efficiency curve by an expression defined by independent 

variables of the Rosin-Rammler-Sperling-Bennett (RRSB) distribution function. The 

grade efficiency was defined as:

7(d) = 1 - exp [-(% (4.24)

where, k and n are parameters describing the grade efficiency curve, d is the 

particle size and d^ is the critical particle diameter. Using equation (4.24) Mannweiler 

(1990) observed excellent agreement with experimental data for a full disc stack. The 

approach of Mannweiler will be adopted in this work.

4.3.2 Hindered Settling.

The phenomenon of hindered settling has been previously described (Section 1.3.3.1). 

Traditionally the effects of hindered settling have been taken into account by a simple 

correction to Stokes Law. In this work the Richardson and Zaki (1954) correlation for 

gravity settling will be used :

= Kj (1 -  C y f ’ ( ‘*•25)

where Vg is the hindered settling velocity, Vg is the unhindered settling 

velocity, Cy is the volumetric concentration of particulates in the suspension and Op 

is a particle geometric factor. Typical values of Cy for yeast cell suspensions range 

from very low values to approximately 0.7.

Rewriting equation (4.18) gives :

VL = (4.26)
 ̂ s

Substituting equation (4.25) into equation (4.26) gives :

Vj (1 -  C y f '  = 5  (4.27)

Again, Vg can be obtained from Stokes Law (equation 4.1) to give :
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^  (1 _ c  (4.28)
18  ̂ E

Rearrangement of equation (4,28) to give the critical particle diameter :

 18 0  -̂--------  (4.29)
Ap E (1 -  C»)"' g

Equation (4.29) now has the capability of dealing with concentrated suspensions. Its 

utility will be examined in this chapter.

4.3.3 Particle Breakage.

Shear-induced particle breakage of shear-sensitive particles has been shown to occur 

in high-shear regions of centrifuges such as feedzones and centripetal pumps (Bell and 

Brunner, 1983). In terms of determining the degree of separation achieved it is 

breakage of material prior to entry into the disc stack which is important. Shear 

breakage of precipitate particle suspensions occurs as the precipitate suspension leaves 

the centrifuge feed pipe and passes into the rotor where it is rapidly accelerated and 

thus subjected to high shear forces. These forces can easily disrupt floes of precipitate 

particles producing extremely fine particles which are much more difficult to recover. 

Mannweiler (1990) studied the effects of shear breakage on soya protein precipitates 

in three different types of centrifuge feedzones. Results showed that most breakage 

occurred in semi-hermetic feedzones and least in full-hermetic feedzones. Hydro- 

hermetic feedzones displayed an intermediate amount of shear breakage. Previously 

Bell and Brunner (1983) used the grade efficiency concept to indicate the amount of 

shear breakage occurring on a flocculated latex suspension using a scroll decanter 

centrifuge. Floe breakage was found to depend on the bowl speed and the position of 

the feed pipe. The extent of floe breakage was correlated with the square root of the 

power dissipated in the feed zone. Mannweiler (1990) examined the effects of 

flowrate and bowl speed on the amount of particle breakage for a soya protein 

precipitate feed. An increase in bowl speed led to a reduction in the centrifuge mass 

yield at the same throughput which is due to the increasing amount of shear. The 

results also indicated a trend to increased breakage at higher throughputs. This 

implies that at higher flowrates there is increased power dissipation and hence higher 

levels of particle breakage. However particle breakage will also be a function of the 

time of exposure to shear which is inversely proportional to the throughput.

Owing to particle breakage the PSD in the feed is different to that entering the active
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disc stack and in order to predict a realistic separation of precipitate particles in the 

centrifuge it is the sheared particle size distribution that needs to be predicted. 

Mannweiler (1990) used a revised form of equation (4.58) in an attempt to calculate 

the sheared particle size distribution. (The derivation of equation (4.58) will be 

presented within the parameter estimation section 4.4 of this thesis). If the overall 

particle volume is conserved and the grade efficiency curve of the centrifuge is known 

then equation (4.58) can be written as :

= 1 -  (1 -  E^) (4.30)

where Ey is the centrifuge mass yield, AFg^p(d) is the supernatant particle size 

distribution and AFg(d) is the sheared feed particle size distribution. Rearrangement

of equation (4.30) gives :

A P,W  » E F ^id) (‘‘ •55)

Mannweiler found this approach rather unsuccessful, even for the idealised case of 

latex particles with no shear breakage. The reasons for this were attributed to the 

high sensitivity of equation (4.30) to small errors in measuring the supernatant particle 

size distribution. As the grade efficiency approaches unity AF^(d) becomes very large 

if the supernatant particle size distribution contains more particles than theoretically 

possible. Also breakage of particles in the supernatant discharge increases the 

problems in calculating the sheared particle size distribution. In a second approach

Mannweiler (1990) used an inversion algorithm to predict the mean particle diameter

of the sheared particle size distribution. The method assumes that the sheared particle 

size distribution can be characterised by a log-normal distribution and that the 

geometric standard deviation of the sheared particle size distribution was known. The 

inversion was based on the Régula Falsi algorithm (Bartsch, 1977). Using this 

algorithm for isoelectric soya protein precipitate a 44 % reduction in the arithmetic 

mean of the particle size distribution was observed.

In this work a model called "Centrifuge Feedzone" has been developed, which in the 

case of shear-sensitive feed materials can be lumped onto the front end of the 

centrifuge model as illustrated in Figure 4.2. In this model the flocculated feed 

particle size distribution from the precipitation model is characterised by the 

geometric mean, d^, and geometric standard deviation, a. The dj„ value is transformed 

into a sheared The change in d^  is given as a function of the volumetric

throughput in the centrifuge.
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(4.32)

Ad^ = AJQ  (4.33)

where Ag is the feedzone breakage rate constant. During particle breakage in 

the feedzone the standard deviation, o, is assumed to be constant before and after 

shear breakage. From the sheared geometric mean d^^g^, and the geometric standard 

deviation, a, a log-normal distribution is constructed which is subsequently converted 

into a mass-density distribution using the appropriate precipitate density-size 

functions (Chapter 3).

4.3.4 Mass Balances.

To calculate the amounts of soluble and solid protein and enzyme in the supernatant 

and sediment streams of the centrifuge a series of mass and activity balances must be 

carried out. In all cases due to conservation of mass and activity, [Input] = [Output]. 

The following sections present the equations used.

Particle Size Distribution Balance.

The grade efficiency was utilised to calculate the particle size distributions in each 

stream.

(4.34)

A F ^  = AF, (4.35)

A f  = A f , ( l  -  Hd))

where AFf, AF^^j and AF^^p are the particle size distributions in the feed, 

sediment and supernatant streams respectively.

Volume Balance

where Vf, V^^j and Vg^p are the volumes of the feed, sediment and supernatant 

streams respectively. On the basis of a specified volume split the amount of sediment 

dewatering can easily be calculated.
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Precipitate Phase Protein Balance.

1=1

i=l

where, and Rg^pPP  ̂are the precipitate phase protein concentrations

in the feed, sediment and supernatant streams respectively.

Precipitate Phase Enzyme Activity Balance.

e f  y , = e Z  C , + ( ‘•.41)

E %  y ^  ‘  E ^  V ,Y , (‘*•42)
i=l

E Z y ^ -  E f  V , Ÿ e F ^  (4-43)
1=1

where EfPP‘, E^g^PP  ̂ and E^^pPP* are the precipitate phase enzyme activities in 

the feed, sediment and supernatant streams respectively.

Soluble Phase Protein Balance.

Next a mass balance on the soluble phase components had to be calculated. The 

centrifuge may be considered to act as a simple splitter with regard to the soluble 

phases. Hence all soluble phase concentrations are equal.
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where Rf^° , Rsed^° and are the soluble phase protein concentrations in

the feed, sediment and supernatant streams respectively.

Soluble Phase Enzyme Activity Balance.

‘  (‘‘•45)

where, and Egyp®°' are the soluble enzyme activities in the feed,

sediment and supernatant streams respectively. Having determined the expressions to 

be used in calculating the mass and activity balances around the centrifuge it is 

necessary to calculate key parameters and constants used in equations (4.24) and (4.33). 

The methods used are presented in the following section.

4.4 Parameter Estimation.

This section provides methods for the estimation of key parameters and constants used 

in the development of the centrifuge model.

For a given centrifuge the separation performance primarily depends on a 

combination of three parameters ; particle size, particle density and particle shape 

through the grade efficiency concept. For a single stage separation, the total mass of 

the feed must be equal to the sum of the total masses of the products if there is no 

accumulation of material in the equipment. This can be written mathematically as:

where m^ is the mass of solids in the feed suspension, m^^p is the mass of solids 

in the clarified liquid discharge, and m^^j is the mass of solids in the solids discharge. 

For each particle size, d, present in the feed:

m/d) = m ^/d)  + m ^/d)  (4.47)

By definition, the particle size distribution frequency gives the fraction of particles 

of size d in the sample. Equation (4.47) can be rewritten as:

m^AF/d) = m ^t^F ^Jd )  + m ^ L F ^ id )  (4.48)

For any centrifuge, the total (or overall) efficiency of separation, E j ,  can be defined 

as the ratio of the mass m^^j of particles separated to the mass m^ of all particles in the 

feed.
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E .=  ^  (4.49)
m.

Using the mass balance equation (4.46) gives:

For a self-cleaning disc stack centrifuge the relationship between the mass flowrate, 

m, and the solids concentration in the feed phase, Cf, and in the supernatant is given

by,

and

niy = mC^ (4.51)

The above equations assume that the mass flowrate of the fluid leaving the separator 

is approximately equal to the mass flowrate entering the machine. The amount of 

fluid lost through the solids discharge is considered to be negligible. Therefore 

equation (4.50) can be written as :

£  = 1  -  S ss. (4.53)
4

(This simplification cannot be applied to nozzle type disc stack machines because the 

flow of the sedimented solids through the discharge takes place continuously).

Now equation (4.48) can be written as:

AFjid) = E F J A  * (1 -  £r) (4.54)

The mass yield, E j ,  defined in equation (4.49) is highly dependant on the size 

distribution of the feed solids and is therefore unsuitable as a general criterion for 

defining efficiency since different particle sizes will be separated with differing 

efficiencies. A single value of the total efficiency cannot therefore be used for any 

material other than the test material for which it was first evaluated. However, if the 

mass yield is found for every particle size, d, the grade efficiency curve, T(d), is 

obtained (Section 4.2). This is normally independent of the solids size distribution 

and density, and is constant for a particular set of operating conditions. From this 

definition, the grade efficiency can be given by:
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TXd) = (4.55)
mfd)

Using a similar argument for equation (4.48) then the grade efficiency can be given 

as follows.

nd) = (4.56)

Substituting in equation (4.49), gives:

Ttd) = (4.57)

The particle size distributions of the feed and solids discharge can be by mass, surface 

area, or number, provided they are both specified in the same basis as E-p. More 

conveniently the grade efficiency curve can be calculated from experimental data 

using the feed distribution, AFf(d), and the supernatant distribution, AFgyp(d), by 

substituting in equation (4.54),

= 1 -  (1 -  E_) (4.58)
AF/d)

When an experimental grade efficiency has been determined the two parameters in 

equation (4.24) can be found by rearrangement to give the equation of a straight line.

ln[-ln(l -  Tld))] = n ln(Â) + « ln(dyd^ (4.59)

The parameter n is obtained from the slope of the straight line and the second 

parameter K is calculated using the intercept of the line with the ordinate :

n = Gradient (4.60)

K  = expGnterceptjn) (4.61)

In this study linear regression was used to obtaiq values for n and k. The effect of 

change of d/d^ on the grade efficiency is most effective between 0,05 < T(d) < 0.98. 

In this range a small change of d/d^ results in a considerable change in the grade 

efficiency value. However when the grade efficiency is greater than 0.98 a 

considerable increase in d/d^ results in only a small increase in the grade efficiency 

value. The same applies to grade efficiencies less than 0.05, although it should be 

noted that grade efficiencies this small are rarely measured in practice. Hence, in
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order to reduce the risk of error grade efficiencies T(d) k 0.98 were not included in 

the regression.

To estimate the breakage rate constant, Ag, in equation (4,33) a FORTRAN program 

was written for this calculation and a flowchart for the program is provided in Figure

4.3. In this program the input parameters are the centrifuge geometry, physical 

properties of the feed material, the geometric mean and standard deviation of the feed 

PSD and the experimentally measured mass yield, From this data the equivalent

settling area and critical particle diameter of the centrifuge are calculated, A sub

routine then calculates a log-normal distribution based on the experimental PSD which 

is then converted into a normalised mass-density distribution. A second sub-routine 

then calculates the grade efficiency and the predicted mass yield, E^p. A IF-statement 

then tests the difference between the predicted and measured mass yields. If the 

difference is less than or equal to the specified tolerance then the sheared geometric 

mean is printed. If the difference is greater than the specified tolerance the geometric 

mean is reduced in 0.01 pm steps until the IF-statement is satisfied.

4.5 Materials and Methods.

The following section details the particular experimental methods used in the 

generation and verification of the centrifuge model for a variety of biological 

suspensions.

4.5.1 Preparation of Yeast Whole Cell and Cell Debris Suspensions.

Bakers’ yeast cell suspensions were made up at a concentration of 280 gL'^ (wet 

weight) as described in Section 2,6,1. Yeast cell debris suspensions were made up at 

an initial concentration of 280 g L'^ (wet weight) as described in Section 2.6.2. The 

cell and homogenate suspensions were pumped through a disc stack centrifuge as 

described in Sections 2.6,1 and 2.6.2 respectively. Samples were taken from the feed, 

supernatant and sediment streams and assayed for dry weight as described in Section 

2.3.5. Particle size analysis was performed using the electrical sensing zone method as 

outlined in Section 2.3.7.1.

4.5.2 Preparation of Precipitate Particle Suspensions.

Protein precipitate particle suspensions were prepared to give final concentrations of 

ammonium sulphate equivalent to 40 % sat. and 60 % sat. as described in Section 2.6.3. 

The suspensions were processed through a disc stack centrifuge as described in Section
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2.6.3. Samples were taken from the feed, supernatant and sediment streams and 

assayed for dry weight as described in Section 2.3.5, soluble and precipitate phase total 

protein concentration as described in section 2.3.1 and ADH activity as described in 

Section 2.3.2. Particle size analysis was performed using the electrical sensing zone 

method as outlined in section 2.3.7.1.

4.6 Results and Discussion.

Before examining the separation of biological particles it was necessary to show that

the programming and implementation of the model within the SpeedUp environment

was correct and conformed to expectations. To accomplish this parameter values for 

the constants K and n in equation (4.24) were used to examine their effects on the 

grade efficiency. Figure 4.4 and 4.5 were generated using equation (4.24). Figure 4.4 

shows the change in grade efficiency as a function of n with K fixed at 0.865 

(Mannweiler, 1990 and Rumpus, 1994). All curves show a typical sigmoidal shape 

starting at the origin and converging to an ordinate value of 1 . 0  at large values of 

d/dg. With an increasing value of n the curve becomes steeper and converges to unity 

more rapidly. A common point of interception exists which is independent of n, but 

dependant on K. Figure 4.5 shows the change in grade efficiency as a function of K 

with n fixed at 2.08 (Mannweiler, 1990 and Rumpus, 1994). Convergence to unity is 

faster with higher values of K. The graph shows a strong sensitivity in the grade 

efficiency value with the constant K, indicating that care must be taken in estimating 

this parameter. The form of the grade efficiency curves provided in Figures 4.4 and

4.5 closely follow those obtained by Mannweiler (1990) and Rumpus (1994). Figure 4.6 

provides a polyvinylacetate grade efficiency curve derived for the disc stack 

centrifuge, SAOOH 205 (Rumpus, 1994). Polyvinylacetate particles are spherical and 

shear-insensitive thus providing an idealised separation base case for the centrifuge. 

Using the grade efficiency curve in Figure 4.6 the separation of biological particles 

will now be examined.

4.6.1 Centrifuge Breakthrough Curves.

Before examining the separation of biological particles in a disc stack centrifuge, 

breakthrough curves were obtained for each suspension studied, to enable the 

processing of large amounts of suspensions (Chapter 5). Breakthrough curves for 

whole yeast cell, cell debris and precipitate particle suspensions were obtained for the 

disc stack centrifuge (Model SAOOH 205, Westfalia, Milton Keynes, U.K.). For whole 

yeast cell suspensions flowrates of 50 L h*^ and 100 L h"^ were used as described in 

section 2.6.4. The breakthrough point was approximately halved at a flowrate of 100
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L h '^  For cell debris suspensions a flowrate of 50 L h'^ was used as described in 

section 2.6.4 and in this case there was a slight increase in the optical density with no 

sharp breakthrough point. For precipitate particle suspensions prepared at 40 % sat. 

ammonium sulphate a flowrate of 50 L h"^ was used as described in section 2.6.4. The 

breakthrough curve is shown in Figure 4.7. In this case the initial breakthrough point 

occurred after 1 0  minutes with complete breakthrough occurring after 2 0  minutes. 

Table 4.1 provides a summary of the results.

Table 4.1 Optimum Desludge Intervals for the Disc Stack Centrifuge, SAOOH 205.

-1

Material Flowrate (L h'^) Desludge Interval (s)

Whole Yeast Cells 50 40

1 0 0 2 0

Cell Debris 50 600

Precipitate Particles 50 600

Table 4.1 provides optimum desludge intervals for whole yeast cell, cell debris and 

precipitate particle suspensions under the conditions examined. For other centrifuge 

flowrates typical desludge intervals can be obtained by extrapolation of the data in 

Table 4.1.

4.6.2 Whole Yeast Cell and Cell Debris Suspensions.

In practice relatively high cell concentrations are used in industry to maximise 

productivity and the impact of this on centrifugal separation can be significant. The 

more concentrated the particulate suspension the larger the deviation from Stokes Law 

as a result of hindered settling. Centrifugal settling at high concentrations is, 

however, not hindered to the same extent as gravity settling at the same concentration, 

because of dilution effects within the centrifuge. The dilution effect occurs as the 

particles settle radially outwards. This means they spread out and thus the 

concentration of particulates at a given radius falls steadily with time. However, 

there is still some hindered settling effect which needs to be taken into account (Baron 

and Wajc, 1979).

By use of equation (4.29) for calculating the critical particle diameter of the 

centrifuge the effects of increasing the volumetric concentration of solids can be seen. 

Figure 4.8 shows how the critical particle diameter, d^, calculated using equation
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(4.29), of the centrifuge, SAOOH 205, changes with the initial volumetric 

concentration of solids for whole cells and cell debris (5 pass, 500 barg) suspensions. 

There is only a small change in the value of d̂ . for whole cells until the volumetric 

concentration of solids reaches approximately 0.7, after which the curve rises 

exponentially tending towards infinity at a Cy of 1.0. By contrast the cell debris curve 

increases only slightly up to a Cy of 0.9. The implications of this are that at high Cy

values disrupted material should be easier to recover than the corresponding whole

cells. This is because upon disruption the Cy value is approximately halved 

(Hetherington et al., 1971) leading to much reduced hindered settling and thereby the 

possibility of better recovery. The range of Cy values for whole yeast cell and cell 

debris suspensions range from very low values of the order of 0 . 0 2  to approximately

0.7. However it should be noted that this analysis does not take into account the much 

reduced particle size of cell debris when compared to whole yeast cell suspensions 

which will have a more dominant effect on separation performance.

Using the model developed in this work simulations were run with a model modified 

to account for the effects of hindered settling. Whole yeast cell and cell debris 

suspensions were processed through the disc stack centrifuge, SAOOH 205 to provide 

experimental mass yields for comparison with those obtained from the centrifuge

model. Figure 4.9 and 4.10 show grade efficiency curves for whole yeast cell and cell 

debris suspensions respectively. In each figure the polyvinylacetate curve is also 

shown. At high values of d/d^ the experimental points fall on or near to the 

polyvinylacetate curve showing that whole yeast cell and cell debris suspensions can 

be adequately modelled in this region using the polyvinylacetate grade efficiency 

curve. At lower values of d/d^ (d/d^ < 1) there is some deviation from the

polyvinylacetate grade efficiency curve, although this difference is not significant 

since the relative mass of these small particles is trivial when calculating overall mass 

yields. Experimental and simulated mass yields for whole yeast cell and cell debris 

suspensions are provided in Table 4.2. In the table two sets of simulated data are 

presented, one set calculated using equation (4.20) corresponding to no hindered 

settling, and the second set calculated using equation (4.29) corresponding to the 

effects of hindered settling. As shown from the results there is very good agreement 

between the two sets of data within experimental error, although the simulated data 

tends to overpredict the levels of separation achieved except for the cell debris 

suspension at a throughput of 1 0 0  Lh'^ were the simulation underpredicts the level of 

separation achieved.
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Table 4.2 Comparison of Experimental and Simulated Mass Yields.

Material Flowrate 

(L h-’)

Exptl.

Et

Simulated Ey 

(No Hindered 

Settling)

Simulated E j

(Hindered

Settling)

Whole Cells 50 0.986 1 . 0 0 0 0.997

1 0 0 0.973 0.999 0.988

Cell Debris 50 0.961 0.988 0.955

1 0 0 0.959 0.949 0.852

The separation performance of cell debris in a disc-stack centrifuge scaled-down to 

25 % of its separation area was also examined. Simulations were used to derive 

efficiency curves for three cases : idealised separation assuming Stokes’ Law, the 

separation for a 4 % yeast suspension, and that for a 20 % yeast suspension. The 

results are provided in Figure 4.11. Hindered settling of the 4 and 20 % yeast 

suspensions was taken into account by using equation (4.29). Again there is very good 

agreement between the experimental and simulated results, with the simulated data 

slightly over-predicting the levels of separation achieved.

4.6.3 Precipitate Particle Suspensions.

The aggregate density-size relationships for ammonium sulphate precipitate particles 

derived in Chapter 3. have important implications for the subsequent solid-liquid 

centrifugation separation step, since the calculation of the critical particle diameter 

of the centrifuge, d^, is dependant on the density-difference between the aggregate 

density and the bulk fluid density.

For 40 % sat. precipitated material the density-size relationship is given by :

Pg -  1100 = 56 -0.635 (4.62)

For 60 % sat. precipitated material the density-size relationship is given by :

, -0.839 (4.63)-  1150 = 40

The effec t  of the density-size relationship for the 40 % sat. precipita ted material on
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the critical particle diameter, d^, for the disc stack centrifuge, SAOOH 205 is given in 

Figure 4.12. In the system studied here particle sizes range from the sub-micron level 

to a maximum of approximately 10 pm. If a low value of Ap (the value corresponding 

to a particle of size 1 0  pm) is used then d^ is overestimated at low flowrates. 

Alternatively, if a high value of Ap (the value corresponding to a particle of size 0.5 

pm) is used then d  ̂ is underestimated at high flowrates. Underestimation of d^ will 

provide a safe design although it may lead to considerable overcapacity. For 

convenience using a constant density-difference based on the density of a mean sized 

aggregate will result in a safe design value for predicting centrifuge performance 

since most of the precipitate mass can be represented by a mean particle size. Also the 

assumption of constant Ap eases the simulation task since less experimental data is 

needed making for more rapid model development for new processes.

For a typical mean size of 1.57 pm the density difference can be given as 42 kg m"^ for 

the 40 % sat. precipitated material and 28 kg m'^ for the 60 % sat. material. Using 

these Ap values dimensionless grade efficiency curves for 40 % sat. and 60 % sat, 

precipitated material respectively were calculated at a range of flowrates. Lower 

flowrates were used than in section 4.6.1 in order to improve the recovery of the 

precipitate phase. However the use of low flowrates leads to increased processing 

times and an increased possibility of heat dénaturation. From Figures 4.13 and 4.14 

it appears that the grade efficiency for precipitate particles is better than that derived 

for the polyvinlyacetate case (Figure 4.6) at large values of d/dg. This is because 

larger particles are preferentially broken-up in the centrifuge which means that these 

particles do not appear in the supernatant stream and are therefore assumed to be 

recovered, leading to a grade efficiency value of unity. At smaller values of d/dg 

there is a sharp decline in the grade efficiency, where the grade efficiency extends 

down into the negative region which indicates the formation of smaller aggregates 

which were not present in the feed material. In this case the grade efficiency curve 

is mirroring two effects:

1 . shear breakage of shear-sensitive particles, and,

2 . particle separation in the active disc stack.

Shear breakage occurs as the flocculated particle suspension leaves the centrifuge feed 

pipe and passes into the rotor where it is rapidly accelerated and thus subjected to 

high shear forces (Mannweiler et aL, 1989). These forces can easily disrupt the floes 

producing extremely fine particles which are much more difficult to recover. It is this 

sheared particle size distribution which enters the active disc stack where particle 

separation occurs. Further breakage of particles can occur in the supernatant
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discharge side of the centripetal pump. Breakage of larger aggregates leads to 

apparently better grade efficiencies at large values of d/d^, since these large particles 

are essentially removed from the PSD. Fragments generated by shear breakage which 

are more difficult to recover cause the loss of recovery efficiency at smaller values of 

d/dg. As shown in Figures 4.13 and 4.14 the grade efficiency curves tend to move to 

the left hand side of the graph with increasing flowrate indicating that particle 

breakage is dependant on flowrate, although this is thought to be an artefact of 

particle breakage, since the grade efficiencies in these figures have been calculated 

on the feed particle size distribution and not the sheared particle size distribution, so 

the basis of calculation is inconsistent.

Now if the sheared particle size distribution can be predicted then the 

polyvinylacetate grade efficiency curve (Figure 4.6) can be used to predict precipitate 

material separation. In this work the sheared particle size distribution was predicted 

using the modifications outlined in Section 4.3.3. Using this feedzone breakage model 

the value for the geometric mean particle size was found to decrease from 1.865 pm 

to 0.655 pm at a flowrate of 10 L h*^ for 40 % sat. precipitated material. The variation 

of the feedzone breakage rate constant, Ag, with flowrate for 40 % sat. and 60 % sat. 

precipitated material is provided in Figure 4.15. As shown the magnitude of the 

feedzone breakage rate constant increases with increasing throughput. In this figure 

the linear regression was forced through the origin to predict zero shear-breakage at 

zero flowrate. From Figure 4.15 the feedzone breakage rate constant, Ag, can be given 

as a function of the volumetric throughput, Q, as follows.

Ag = k Q ' (4.64)

where k is a constant. For the suspensions examined the constant k can be 

obtained by linear regression and is given as follows.

40 % sat. precipitated Material :

Ag = 1.455 Q (4.65)

Substituting into equation (4.33) gives :

= 1.455 (4.66)

60 % sat. precipitated Material :

Ag = 0.798 Q (4.67)

Substituting into equation (4.33) gives :
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= 0.798 (4.68)

Equations (4.66) and (4.68) suggest that particle breakage of precipitate material is 

independent of flowrate and the change in geometric mean size is constant. Therefore 

it is suggested that the geometric mean particle size is broken-down to an equilibrium 

value. This conclusion is consistent with the theory of precipitate particle breakage 

being dependant on the shear-rate and the time of exposure to the shearing forces, 

since the shear-rate is directly proportional to the flowrate and residence-time is 

inversely proportional to flowrate.

Using such correlations in the feedzone breakage model means that the centrifuge 

model can more accurately predict precipitate particle separation as shown in Figures 

4.16 and 4.17. Figures 4.16 shows experimental and simulated % unsedimented solids 

for 40 % sat. precipitated material and Figure 4.17 shows experimental and simulated 

% unsedimented solids for 60 % sat. precipitated material. In each figure two 

simulated curves are shown ; one for the original centrifuge model and the second 

utilizing the centrifuge feedzone breakage model. Figure 4.16 for the 40 % sat. 

precipitated material, the simulated curve (with no feedzone breakage model) predicts 

very good recovery of the precipitate phase, whereas the experimental results indicate 

very poor recovery of the precipitate phase, ranging from 61.6 % unsedimented solids 

at a flowrate of 10 L h"^ to 87.7 % unsedimented solids at a flowrate of 50 L h'^. The 

second simulated curve (with the feedzone breakage model) follows the experimental 

results very well, although the simulated results tend to underpredict the level of 

recovery achieved by approximately 20 %. Figure 4.17 for the 60 % sat. precipitated 

material shows similar trends to that of the 40 % sat. precipitated material, although 

the recovery is very poor, mainly due to the small density-difference, small particle 

size and high viscosity of the 60 % sat. precipitated material.

Although the protein fed to the centrifuge was chilled to 277 K it was felt necessary 

to check the data to see if poor recovery of precipitate material in the centrifuge was 

due to enzyme inactivation caused by heating in the centrifuge bowl. A series of 

experiments were conducted (as described in Appendix A l)  to investigate the effects 

of temperature and time on the solubility of ADH and total protein. The results from 

the experiments showed no loss of precipitate phase ADH activity within the measured 

temperature range (278 -298 K). (The recorded temperature rise across the centrifuge 

was 8.7 K recorded at a flowrate of 10 L h'^). Results indicated no loss of precipitate 

phase ADH activity with time up to 8  hours. Hence it was concluded that the poor 

recovery of precipitate phase material was directly attributed to particle breakage 

within the centrifuge.
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4.7 Conclusions.

•  A disc stack centrifuge model has been developed which is based on the grade 

efficiency concept. The input parameters required are the geometry of the 

centrifuge, the feed flowrate, viscosity, solid-liquid density-difference and the 

feed particle size distribution.

•  The model has been thoroughly tested within the SpeedUp environment.

•  The model accurately describes the separation of shear-insensitive particles

including whole yeast cell and cell debris suspensions.

•  The model has been used to examine the separation of shear-sensitive protein

precipitates, although there was a large discrepancy between the experimental 

and simulated data.

•  Subsequent pilot-scale verification trials for the separation of 40 % sat. and 60 

% sat. precipitate particle suspensions have shown that the lack of agreement 

between the experimental and simulated data was the result of particle 

breakage within the centrifuge, which leads to correspondingly poorer recovery 

of the material.

•  A centrifuge feedzone model has been developed which takes into account

particle breakage of the 40 % and 60 % sat. precipitated material. The use of 

such a model in conjunction with the original centrifuge model leads to more 

accurate simulations and demonstrates further the necessity of verifying 

bioprocess models against real experimental data.

The following chapter considers the application of the models developed in this thesis

for the simulation of a complete downstream processing sequence. Results

demonstrating the verification of the models will be presented.
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5. PROCESS VERIFICATION.

5.1 Introduction.

For the integrated design of bioprocesses the models used to predict the performance 

of each individual unit operation need to be linked together so that they predict mass 

balances around the complete process. To examine the accuracy of such process 

simulations the models developed in this thesis were evaluated against pilot-scale 

process data. This chapter examines the process verification of the models in an 

overall downstream processing sequence and the accuracy of the subsequent 

simulations. In order to assess the accuracy of the simulations a maximum acceptable 

error needs to be defined. Since process simulation tools are initially used in 

feasibility studies and the screening of alternative process routes the accuracy of the 

simulated results would be of the order ± 30 %. The challenge in this study is for the 

simulations to compare with the experimental data to an accuracy of at least 30 %. 

The models described in chapters 3 and 4 of this thesis were used as the basis of the 

simulations which were run in SpeedUp. The following sections detail the flowsheet 

and any additional models required for the simulations before moving on to discuss 

the results of a number^ of verification trials.

5.2 The Process Flowsheet.

Figure 5.1 shows the process used for the verification work which is a typical process 

for the recovery and purification of a yeast intracellular product such as alcohol 

dehydrogenase (ADH). The process was based on preliminary work of Foster (1973) 

and Richardson (1987). In the process cells are harvested from the fermenter in a 

high-speed disc stack centrifuge and subsequently disrupted by high-pressure 

homogenisation with cooling of the homogenate in a recycle loop in order to minimise 

losses due to high process temperatures. The homogenisation step yields a process 

stream containing cell debris which must be removed efficiently by disc stack 

centrifugation in order to minimise possible deleterious effects further downstream 

such as changed precipitation profiles (Russell, 1981) and fouling of chromatography 

columns (Hearle, 1994). The initial stages of protein purification are then 

implemented in the form of a two-cut fractional precipitation, using saturated 

ammonium sulphate solution as the precipitant. The first cut at approximately 40 % 

saturation (Chapter 3) precipitates low solubility contaminating proteins which are 

then removed in a high-speed disc stack centrifuge. The second cut at approximately 

60 % saturation (Chapter 3) precipitates most of the required ADH which can then be 

recovered in a high-speed disc stack centrifuge. The final precipitated ADH product
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can then be resuspended and further purified using one or more chromatographic 

separation steps, though in this study these steps were not examined.

5.3 Process Simulation.

The process models used in the simulation studies were those developed in Chapters 

3 and 4 along with preliminary models for high-pressure homogenisation (section 5.3.1) 

and separation by tubular bowl centrifugation (section 5.3.2). The fermentation 

process was not modelled since this was not within the scope of this study. Soluble 

DNA concentration was predicted throughout the process flowsheet by using the mass 

balance equations of soluble phase total protein as provided in section 3.2.2 and 4.3.4. 

Cell debris concentration was predicted throughout the process flowsheet by using the 

mass balance equations of precipitate phase total protein as provided in section 3.2.2 

and 4.3.4. Initially all of the models were linked together in SpeedUp to give one 

overall flowsheet. However, since some of the models are dynamic in nature and some 

steady-state, convergence problems arose leading to no solution of the equations. This 

problem was eliminated by running each model separately using the output data as the 

input to the next unit operation model, in a sequential fashion. Although the use of 

GPROM’s would alleviate such problems (Chapter 8 ). The simulations were set-up to 

provide total protein concentrations and ADH activities in both the soluble and 

precipitate phases, DNA concentration and cell debris concentration. Such data 

enables mass balances to be completed around the process.

5.3.1 Homogenisation Model.

A simple model was used to describe the high-pressure homogenisation step, based on 

the kinetic equation of Hetherington et al., (1971) given by equation (5.1).

Log
\ - R ,

= KNpP^ (5.1)

where Rp is the fraction of total protein or enzyme release, Np is the number 

of passes, P is the pressure and K is a constant. In the model equation (5.1) was used 

to describe soluble and solid phase total protein release, and soluble and solid phase 

ADH release. In this study solid total protein and ADH refers to any material 

obtained from the washing procedure used in the assays (section 2.3). The values of 

K and a were obtained from the data of Hetherington et al., (1971) and Follows et al., 

(1971) and are provided in Table 5.1.
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Table 5.1 Constants Used in the Homogenisation Model.

Material K (cm2^ kgf-^) a (-)

Total Protein 3.5 X 10-9 2.9

ADH 3.5 X IQ-9 2.9

Figure 5.2 shows experimentally derived disruption data for soluble and solid phase 

total protein as a function of the number of passes for the pilot-scale homogeniser 

(Model K3, APV, Crawley, Sussex, UK), whilst the corresponding data for ADH is 

shown in Figure 5.3. In both figures the points correspond to experimental data and 

the curves to simulated data using equation (5.1) with constants from Table 5.1. (The 

effect of pressure on the level of disruption achieved was not examined in this study). 

The results show that Hetherington’s equation can adequately describe the disruption 

of all four components examined. The differences between experimental and 

simulated data in these figures can be attributed to the use of constants derived from 

Hetherington’s data. Figure 5.4 shows soluble phase ADH plotted against total protein 

release. A straight line correlation at approximately 45“ indicates that ADH is 

released at the same rate as total protein and hence that ADH release can be simply 

related to the total protein release.

In order to calculate the subsequent removal of cell debris from the homogenate 

process stream it is necessary to predict the cell debris particle size distribution. A cell 

debris particle size distribution model is currently being developed (Siddiqi, 1993). 

However in this study the cell debris particle size distribution was described using a 

log-normal distribution which has been used by several authors to describe particle 

size distributions obtained by crushing and breakage processes (Irani and Callis, 1963). 

The log-normal distribution is given by equation (5.2).

N  = 1

logCfy/lïï
exp

(lcg4  -  logd j:

2 1 og2 ,
(5.2)

where dj is the particle diameter, d^ is the geometric mean and o is the 

geometric standard deviation of the distribution. If the number distribution of the 

cell debris is log-normal then the surface area and volume distributions are also log

normal with the same geometric standard deviation. Only the geometric mean size 

alters in converting from one distribution to the other. The geometric mean size, d^, 

and geometric standard deviation, a, are given as 1.83 pm and 1.36 pm respectively. 

These values were measured using the electrical sensing zone technique described in 

section 2 .3.7.1.
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5.3.2 Tubular Bowl Centrifuge Model.

In the small scale trials (section 2.7.1) a tubular bowl centrifuge was used for the 

separation of cell debris and precipitate particles. The model used to describe this unit 

operation was based on the work of Mosqueira et al., (1981) and Higgins et al., (1978). 

For a 6 P (Sharples-Pennwalt, Camberley, Surrey, UK) tubular bowl centrifuge (2=2247 

m^) the % unsedimented solids is given in Table 5.2.

Table 5.2 Recovery in the 6 P Tubular bowl centrifuge (Mosquiera et al.,

1981, Higgins et al., 1978).

Suspension Q /2  (m s 'l) % Unsedimented Solids

Yeast Cell Debris 6 . 2  X 10-9 1 0 . 0

1 . 2  X IQ-S 10.5

2.05 X 1 0 - 8 1 1 . 0

3.0 X 10-8 10.5

E.coli Protein 

Precipitated with 

ammonium sulphate

0.07 X 10-7 43.0

The performance of the IP tubular bowl centrifuge used in this work was based on the 

scaled-down performance of the 6 P tubular bowl centrifuge, using the classical Sigma 

Factor approach (Ambler, 1952) and the following equation.

I  ' ( s i
(5.3)

From Table 5.2 and equation (5.3) it was assumed that the recovery of cell debris in 

the IP tubular bowl centrifuge is independent of Q /2  over the flowrate range 

investigated in this study (50 -250 Lh'^) with an average unsedimented solids of 10.5 

%. For the recovery of precipitate particles in the IP tubular bowl centrifuge the Q /2  

value was fixed at 0.07 x 10"^ m s'^ (corresponding to the value used by Higgins et al., 

1978) to give an average unsedimented solids of 43 %, although it should be noted that 

this value was calculated for E.coli protein precipitate using saturated ammonium 

sulphate solution as the precipitant as opposed to the yeast protein being studied in 

this work. This presents a possible source of deviation between the experimental and 

simulated results.
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5.4 Materials and Methods.

5.4.1 Small Scale Operation.

Bakers yeast was resuspended at a concentration of 526 g L'^ (wet weight) before 

processing in the downstream sequence as outlined in section 2.7.1, comprising 

homogenisation followed by cell debris removal using a IP tubular bowl centrifuge 

(Sharples-Stokes S. A., France). The ADH was fractionated from total protein by a 

two-cut fractional precipitation using saturated ammonium sulphate solution as the 

precipitant. The ammonium sulphate solution was added by rapidly pouring in the 

required volume at or near the impeller to effect rapid dispersion and mixing. In the 

first cut ammonium sulphate was added to give a final concentration of 40 % sat. In 

the second cut ammonium sulphate was added to give a final concentration of 60 % sat. 

In each case the precipitate phase was recovered/removed using the IP tubular bowl 

centrifuge. Throughout the process samples were removed and assayed for dry weight 

as described in section 2.3.5, soluble and precipitate phase total protein as described 

in section 2.3.1, soluble and precipitate phase ADH as described in section 2.3.2, soluble 

DNA as described in section 2.3.3 and cell debris concentration as described in section

2.3.4. Particle size analysis was performed using the electrical sensing zone method as 

described in section 2.3.7.1.

5.4.2 Large Scale Operation.

Large scale trials were conducted with resuspended Bakers Yeast (Distillers Co., 

Crawley, UK) and fermented Bakers yeast (GB4918, DCL). For resuspended Bakers 

yeast trials. Bakers yeast was resuspended at a concentration of 280 g L"^ (wet weight) 

or 560 g L"^ (wet weight) before processing in the downstream sequence as outlined in 

section 2.7.2.2. For the fermented material the fermentation stage details are outlined 

in section 2.7.2.1 and the downstream processing stage details are outlined in section 

2.7.2.2. In the downstream processing the yeast suspension was disrupted in a high- 

pressure homogeniser followed by cell debris removal using a disc-stack centrifuge. 

The ADH was fractionated from total protein by a two-cut fractional precipitation 

using saturated ammonium sulphate solution as the precipitant. The ammonium 

sulphate solution was added by rapidly pouring in the required volume at or near the 

impeller to effect rapid dispersion and mixing. In the first cut ammonium sulphate 

was added to give a final concentration of 40 % sat. In the second cut ammonium

sulphate was added to give a final concentration of 60 % sat. In each case the

precipitate phase was recovered/removed using a high-speed disc stack centrifuge 

(Model SAOOH 205, Westfalia, Milton Keynes, U.K.). Throughout the process samples
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were removed and assayed for dry weight as described in section 2.3.5, soluble and 

precipitate phase total protein as described in section 2.3.1, soluble and precipitate 

phase ADH as described in section 2.3.2. Particle size analysis was performed using 

the electrical sensing zone method as described in section 2 .3.7.1.

5.5 Results and Discussion.

This section compares mass and activity balance results from the experimental trials 

with the corresponding simulated data. In comparing the data it is important to realise

that the experimental results do NOT always mass or activity balance due to errors in

sampling and assay techniques and therefore a deviation from the simulated data 

would be expected. In these particular instances the "missing" or "extra" mass will be 

indicated and addressed at the appropriate points in the text.

For convenience this section will be split into three parts ; the first part dealing with 

small scale trials, the second part with large scale trials and the third part with the 

ability of the models to accommodate the effects of process perturbations,

5.5.1 Small Scale Trials.

This section will focus on the complete process run experimentally with an initial 

yeast suspension of approximately 3 L. The process flowsheet and experimental mass 

and activity balance are provided in Figure 5.5 and the following work compares 

experimental and simulated mass and activity balances for the process. Figure 5.6 

shows experimental and simulated soluble phase total protein concentration plotted 

against stream number. In Figure 5.6 the soluble phase total protein concentration 

remains approximately constant until stream 5, where approximately 50 % of the total 

protein is precipitated in the first cut precipitation. Here the soluble phase total 

protein concentration should be constant across streams 5, 6  and 7 as shown by the 

simulated data. The second cut precipitation occurs in stream 8  where the remainder 

of the total protein is precipitated, thus reducing the soluble phase total protein to a 

very low level. Again the soluble phase total protein concentration should be constant 

across streams 8 , 9 and 10 as shown by the simulated data. This problem could be 

overcome somewhat by averaging the experimental soluble phase concentrations in the 

centrifuge feed, supernatant and sediment streams and using the average value as a 

basis for the comparisons. The simulated data follows the trends of the experimental 

data very well up to stream 5. This figure also shows that in the initial stages of the 

process the assay results are reasonable, however, after ammonium sulphate addition 

the assay results deviate somewhat, possibly due to interference by ammonium
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sulphate. The corresponding mass and activity balance can be seen in Figures 5.7 and 

5.8, which show experimental and simulated data for soluble phase total protein and 

ADH plotted against stream number respectively. Allowing for experimental error 

these figures gave relatively good agreement between the two sets of data, with the 

simulated data following the trends of the experimental data very well. The main 

differences between the experimental and simulated data occurred in the sediment and

supernatant streams of centrifuges C2  and C3 (streams 6 , 7, 9 and 10). These

differences can be attributed to a number of operational problems associated with the

process and a number of analysis problems. Operational problems associated with the

process include :

•  The amount of sediment dewatering achieved in the IP tubular bowl centrifuge 

is not constant across the length and width of the bowl making it difficult to 

obtain a representative sample for assaying.

•  Lack of adequate temperature control on the IP tubular bowl centrifuge, which

leads to high process temperatures and therefore the possibility of enzyme

inactivation.

•  Possible degradation of proteins and enzymes throughout the process which is 

not accounted for in the simulations. However recent results have shown no 

loss of ADH activity when in the presence of ammonium sulphate solution up 

to 50 minutes.

Analysis problems include :

•  Measuring soluble phase material in a stream with a high solids content. In the

assay technique the laboratory centrifugation does not yield a completely dry

solid and 100 % sedimentation of the solid phase is also unlikely. The presence

of solids in the supernatant leads to higher experimental concentrations in the 

soluble phase than would normally be expected. Hetherington et al., (1911) used 

a series of dilution experiments to define the aqueous fraction of suspensions 

in order to obtain the correct concentrations. Such an approach is not feasible 

here since the concentration of solids in the sediment stream in not known a 

priori. To overcome this problem the process could be run at a lower biomass 

level in order to reduce the effects of solids or the laboratory centrifuge run 

at a higher g-force in order to sediment as much solids as possible.

•  Any precipitated material may be resolubilised during dilution in the assay 

procedure, producing a higher value than expected.

•  The Bradford assay is reported to have a reproducibility of +/ - 4 % (Bradford, 

1976).
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•  Recent results have shown that the standard deviation in ADH activity is given 

as approximately 7 % of the mean value when analysed on the auto-analyser 

(Dehghani et al., 1994).

•  Also on the small scale process losses become more significant.

Hence though there is a disparity between the experimental and simulated data it may 

be concluded that this is due substantially to accumulated analysis errors and process 

simulation simplifications. The actual trends within the data agree very well.

Figure 5.9 provides experimental and simulated solid/precipitate phase total protein 

(see section 5.3.1 for definition) plotted against stream number. The solid phase total 

protein remains constant at zero until stream 5, where the first cut precipitation 

precipitates a large quantity of total protein. Approximately half of this total protein 

is removed in centrifuge C2 sediment stream (stream 6 ). The amount of total protein 

increases in stream 8  where the remainder of total protein is precipitated in the second 

cut precipitation. However only a small quantity of this total protein precipitate is 

removed in centrifuge C3 sediment stream (stream 9). The figure shows relatively 

good agreement between the two sets of data, with the simulated data following the 

trends of the experimental data. For this system there is an error in the overall 

experimental mass and activity balance of 8  % based on total protein and 14 % based 

on ADH, whereas there will be no error in the corresponding simulated data, making 

comparisons difficult.

Using such data experimental and simulated purification factors for the process can 

be easily calculated. For this particular system the experimental purification factor, 

PF is given as 2.3 and the simulated purification factor, PF is given as 1.3. These 

values are slightly lower than those obtained by Richardson et al., (1990) who reported 

a purification factor of 3.1 and a yield of 90 %. Although this is to be expected since 

Richardson’s experiments were performed at bench scale utilising laboratory 

centrifuges, and when the process is run at larger scales the limitations of pilot-scale 

and industrial-scale centrifuges leads to much lower purification factors and yields. 

This is due to the combined effects of occlusion of soluble product in the precipitate 

phase material and the difficulty of recovering the precipitate phase material 

(Chapter 4). The experimental and simulated yields of this process range from 10 -25 

%. Although this seems rather low, this corresponds to an average step yield of 6 8  - 

79 % for the 6  step process.

Having shown that the models can deal with soluble and solid/precipitate phase total 

protein and ADH the models were extended to take into account a DNA mass balance
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throughout the process. Figure 5.10 provides experimental and simulated DNA plotted 

against stream number. There is reasonable agreement between the two sets of data 

with the simulated data following the trends of the experimental data very well and 

an average error of 36 % between the experimental and simulated results in this figure. 

An attempt was also made to assay for cell debris concentration as outlined in section

2.3.4. Figure 5.11 shows experimental and simulated cell debris plotted against stream 

number throughout the process. There is reasonable agreement between the two sets 

of data and an average error of 54 % between the experimental and simulated results 

in this figure. The majority of the cell debris is removed in centrifuge C l sediment 

(stream 3), whereas after this point the model assumes that centrifuges C2 and C3 will 

not remove any further cell debris since centrifuges C l, C2 and C3 were operated 

identically.

For this small scale process Table 5.3 provides experimental and Simulated precipitate 

phase specific ADH activity in stream 9 of the process flowsheet, that is, the final 

ADH product.

Table 5.3 Small Scale Experimental and Simulated Data.

Quantity Experimental Simulated Error (%)

Specific ADH Activity 

(U mg-^)

36.02 20.93 41

The results in Table 5.3 indicate an error of 41 % which is greater than the initial 

challenge, however the reasons for lack of agreement between experimental and 

simulated results on the small scale have been provided earlier.

5.5.2 Large Scale Trials.

In this section the mass balance results were calculated using two different total 

protein assays, namely the Bradford assay (Bradford, 1976) and BCA assay. The same 

trends were identified with the BCA assay, although the BCA assay tended to measure 

consistently an increased protein concentration by approximately 40 %. Consequently 

the Bradford results only will be presented. Also in the large scale work DNA and cell 

debris assays were omitted, mainly due to the crude nature of the cell debris assay not 

providing meaningful results.

This section will focus on comparing mass and activity balance results for the 

complete process run experimentally with an initial yeast suspension of approximately
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25 L, The process flowsheet and stream numbers are provided in Figure 2.5 (Chapter 

2). A reduced set of data will be presented which illustrates the particular results of 

this section of the study. Figure 5.12 shows experimental and simulated soluble phase 

total protein concentration plotted against stream number. In Figure 5.12 the soluble 

phase total protein concentration remains approximately constant until stream 5, 

where approximately 50 % of the total protein is precipitated in the first cut 

precipitation. Here the soluble phase total protein concentration should be constant 

across streams 5, 6  and 7 as shown by the simulated data. The second cut precipitation 

occurs in stream 8  where the remainder of the total protein is precipitated, thus 

reducing the soluble phase total protein to a very low level. Again the soluble phase 

total protein concentration should be constant across streams 8 , 9 and 10 as shown by 

the simulated data. The figure shows excellent agreement between the two sets of 

data, with the simulated data following the trends of the experimental data very well. 

Mass and activity balances (data not shown) for the soluble phase total protein and 

ADH showed excellent agreement between the experimental and simulated data, with 

the simulated data following the trends of the experimental data extremely well. 

Figure 5.13 provides solid/precipitate phase ADH plotted against stream number. In 

Figure 5.13 the solid/precipitate phase ADH remains approximately constant until 

stream 5, where the first cut precipitation precipitates a large quantity of total protein 

and a small quantity of ADH. Approximately half of this total protein is removed in 

centrifuge C2 sediment stream (stream 6 ). The amount of ADH increases in stream 8  

where most of the ADH is precipitated in the second cut precipitation. However only 

a small quantity of this ADH precipitate is removed in centrifuge C3 sediment stream 

(stream 9). The figure shows, within experimental accuracy, acceptable agreement 

between the two sets of data, with the simulated data following the trends of the

experimental data very well. The differences between the experimental and simulated 

data are seen to be much less than in the small scale trials. This is because the 

experimental results mass and activity balance much better than the small scale trials 

which can be attributed to the lower initial biomass level, leading to less solids in the 

supernatant in the assay procedures, thus providing more accurate soluble phase 

concentrations, and the ease of measuring larger process volumes. For this system 

there is an error in the overall mass and activity balance of 5 % based on total protein 

and 8  % based on ADH.

Figure 5.14 shows experimental and simulated specific ADH activity in the soluble 

phase plotted against stream number. The figure shows relatively good agreement

between the two sets of data, with the simulated data following the trends of the

experimental data very well. From this plot the experimental and simulated 

purification factors can be easily calculated. For this particular system the
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experimental purification factor, PF, is given as 1.6 and the simulated purification 

factor, PF, as 1.2. Again these values are slightly lower than those obtained by 

Richardson et a/., (1990). The experimental and simulated yields for this process range 

from 10 - 15 %. Although this seems rather low, this corresponds to an average step 

yield of 6 8  - 73 % for a 6  step process.

The use of fermented yeast, was designed to assess how well the models accommodated 

modelling an alternative microorganism. The process flowsheet and stream numbers 

are provided in Figure 2.6 (Chapter 2). Similar trends and problems were obtained for 

the fermented yeast process to those for the resuspended yeast process. An interesting 

feature of the simulations which was noted in the large scale trials with Baker’s yeast 

(Figures 5.12 to 5.14) of poor agreement around the second cut precipitation is shown 

in Figure 5.15 for the specific activity of the ADH solid/precipitate phases. The 

differences between the experimental and simulated data can be explained as follows. 

The centrifuge model predicts very good separation of the cell debris and precipitate 

particles at the low flowrates employed in this study. However, this level of 

separation is not achieved experimentally as previously shown in Chapter 4 due to the 

amount of precipitate breakage occurring in the centrifuge feedzone, where the 

suspension is rapidly accelerated and consequently sheared. This shearing force 

disrupts large precipitate aggregates producing a much finer particle size distribution 

which enters the active disc stack, which in turn leads to poorer recovery in the 

centrifuge. As the level of recovery falls in centrifuge C2 so carry-over of 

contaminating low solubility proteins precipitated in the first cut into the second 

fractionation step occurs, reducing the levels of specific ADH activity recorded 

experimentally. The centrifuge model predicts good separation and therefore little 

carry-over of contaminating solids into the second fractionation step and therefore 

high simulated specific ADH activities. Figure 5.16 shows the same experimental data 

as Figure 5.15 where the simulation has used the revised centrifuge model developed 

in section 4.6.3 which accounts for the effects of shear breakage. Here the agreement 

between the two sets of data is excellent since the centrifuge model now accounts for 

the bad separation of the precipitate phase in centrifuge C2 which leads to the carry

over of contaminating solids into the second fractionation step and a reduction in the 

simulated specific ADH activity to values in line with the experimental results. This 

result indicates the importance of verification trials as an interface between 

mathematical models and what actually happens in the process. For this large scale 

process Table 5.4 provides experimental and simulated precipitate phase specific ADH 

activity in stream 9 of the process flowsheet, that is, the final ADH product.
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Table 5.4 Large Scale Experim ental and Simulated Results.

Quantity Experimental Simulated Error (%)

Specific ADH Activity 

(U mg-^)

9.5 8.7 8

The results in Table 5.4 indicate an error of less than 30 % which is within the initial 

challenge.

5.5.3 Process Perturbations.

To test the predictive nature of the models developed in Chapters 3 and 4 the effects 

of a number of process perturbations have been studied. Two process perturbations 

were studied :

Decreased total protein and enzyme levels 

Increased total protein and enzyme levels

The process perturbation work was run experimentally with resuspended Bakers yeast. 

To decrease the total protein and ADH levels the homogenisation step was run for 2 

passes at 500 bar g to release approximately 50 % of the intracellular material. To 

increase the total protein and ADH levels the process was run at double the initial 

biomass concentration. The results from these studies are presented in Table 5.5, 

which provides experimental and simulated solid/precipitate phase specific ADH 

activity in stream 9 of the process flowsheet, that is, the material which would be 

loaded onto a chromatography column for further purification.

Table 5.5 Process Perturbations.

Perturbation Experimental ADH 

Specific Activity (U mg'^)

Simulated ADH Specific 

Activity (U mg'^)

Decreased Total 

Protein/ADH Levels

10.9 8.5

Increased Total 

Protein/ADH Levels

6.9 8 . 2

In general the results in Table 5.5 show reasonable agreement between the 

experimental and simulated data. For the case of decreased total protein/ADH levels
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there is an error of approximately 2 2  % between the experimental and simulated data. 

For the case of increased total protein/ADH levels there is an error of approximately 

17 % between the experimental and simulated data. The mass and activity balance 

results (data not shown) for these two systems show the same level of agreement 

between the experimental and simulated data as results outlined earlier (Figures 5.12 

to 5.14), with the same problems evident. These results indicate the predictive nature 

of the developed models when operating with much lower or higher total protein and 

ADH levels. An average error between the experimental and simulated data of not 

greater than 30 % in all systems studied meets the initial challenge and further 

indicates the applicability of the developed models.

5.6 Conclusions.

•  Accurate process simulation has tracked four components through a complete 

downstream sequence, namely, soluble total protein, solid/precipitate total 

protein, soluble enzyme and solid/precipitate enzyme.

•  Process verification trials have shown that the models developed in Chapters

3 and 4 can be applied in a complete process sequence.

•  To develop a predictive capability the models have been linked together in a 

complete flowsheet and used in conjunction with experimental verification 

trials.

•  Verification trials have shown that the experimental data does not mass or 

activity balance completely. These errors can be attributed to operational 

problems associated with the process, such as the effects of temperature. Errors 

associated with analysis include removing a representative sample from the 

process stream and the presence of solids in the sample producing artificially 

high soluble phase concentrations, especially in centrifuge sediment streams.

•  Results have shown that the models can easily be applied to other components

such as DNA and cell debris.

•  Verification trials have indicated areas where further modelling is required, 

for example, in the centrifuge feedzone, where shear induced particle breakage 

of precipitate particles leads to poorer recovery than would otherwise be 

expected.
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•  Process perturbation work has shown that the developed models can be applied

outside their normal operating conditions, which indicates the predictive 

nature of the models.

The use of process simulation combined with pilot-scale verification can assist in 

improving the efficiency of design. The design process can be accelerated with the use 

of predictive and robust simulation tools.
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Figure 5.1 Process Flowsheet for the Recovery and Purification of 

Alcohol Dehydrogenase (ADH) from Saccharomyces cerevisiae.
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6 . CASE STUDY - ISOLATION OF p-GALACTOSIDASE FROM

ESCHERICHIA COLI.

6.1 Introduction.

To enable the simulation of a complete range of processes the models need to be as 

generic as possible in order to reduce the time to develop new simulations. To test the 

robustness and predictive capabilities of the models developed in the previous chapters 

the models were tested on a completely different process. The process chosen was the 

continuous flow isolation of p-galactosidase from Escherichia coli. Although the 

required enzyme was intracellular, a different organism was used in this study. The 

experimental data used for parameter estimation and for comparison with the

simulated results was taken from the papers of Higgins et al., (1978) and Gray et al., 

(1972).

6.2 The Process Flowsheet.

A process flow diagram for the continuous isolation of P-galactosidase from a 

constitutive mutant, Escherichia coli, ML308 is illustrated in Figure 6.1. In the process 

the E.coli cells are grown in a 1000 L chemostat and the p-galactosidase is expressed 

intracellularly. In the downstream processing sequence the cells are harvested in a 

disc stack centrifuge and disrupted in a high-pressure homogeniser to release the 

intracellular material. The cell debris is removed in a disc stack centrifuge before a 

heat-treatment step to precipitate nucleic acids at a temperature of 328 K. The nucleic 

acid precipitate is removed in a disc stack centrifuge and the P-galactosidase 

fractionated from contaminating proteins by a precipitation step using saturated 

ammonium sulphate solution as the precipitant in a continuous-flow stirred tank 

system to give a final concentration of ammonium sulphate equivalent to 40 % 

saturation. Finally the precipitated (J-galactosidase is collected by a disc stack 

centrifuge as an impure solid of approximately 23 % purity and 24 g h"^ yield.

6.3 Process Simulation.

The process models used were those developed in Chapters 3 and 4 along with a 

preliminary model to describe the nucleic acid heat-precipitation step.
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6.3.1 Process Models.

In order to simulate the complete downstream processing sequence it was necessary to 

develop some new models and to slightly modify others. This section of the thesis 

provides models and data for each of individual unit operations before results from 

the complete process sequence are presented.

6.3.1.1 Homogeniser Model.

The homogenisation model described in Chapter 5 was used. Total protein and P- 

galactosidase release were described using the kinetic equation of Hetherington et al., 

(1971) given by equation (6.1).

log
1 - R .

=  KNpP^ (6 .1)

where Rp is the fractional total protein or enzyme release, Np is the number of 

passes, P is the pressure and K and a are constants. The values of K and a were 

obtained by linear regression of the data provided by Gray et al., (1972). The values 

calculated are provided in Table 6.1.

Table 6.1 Constants Used in the Homogenisation Model.

Material K (cm2" Kgf-*) a (-)

Total Protein 1.35 X 10-5 1.55

P-galactosidase 1.52 X 10 * 2 . 0 2

Finally a model for the resultant E.coli cell debris particle size distribution was 

required. The log-normal distribution has been widely used by many authors to 

describe the distribution of sizes of particles obtained by crystallization and/or 

crushing (Irani and Callis, 1963) and was used in this study to describe the cell debris 

particle size distribution. The log-normal distribution is given by equation (6.2).

N  =
\ogQ^J2n

exp
(\ogd -  lo g d y

21og2,
(6 .2)

The geometric mean size, d^ , and geometric standard deviation, a, are given as 0.302 

pm and 1.384 pm respectively. These values were taken from Olbrich (1989) who 

studied the formation of inclusion bodies within E.coli. The values are for E.coli cell 

debris measured using the electrical sensing zone method.

202



6.3.1.2 Nucleic Acid Precipitation Model.

In the process nucleic acid precipitation was accomplished by a heat-treatment step. 

For this unit operation total protein and p-galactosidase solubility profiles were 

described using equation (6.3), (Niktari et al., 1990).

P  = (6 .3 )

1  + (r/a)"

where F is the fraction of total protein or p-galacosidase remaining soluble, T 

is the temperature and a and m are constants with specific values for each species. 

The RNA solubility profile was described using a polynomial of degree 4, given by 

equation (6.4). Polynomials of lesser order were examined although they were not 

capable of describing the apparent re-solubilisation of RNA at higher temperatures.

= A + B T  + C t^  + DT^ + Ef,T* (6 .4 )

where F ^^^  is the fraction of RNA remaining soluble, T is the temperature and 

A, B, C, D and are constants. The values of the constants used are provided in

Table 6.2. This model assumes that a separate RNA precipitate is formed since the 

operating conditions mean that only a very small amount of total protein and P- 

galactosidase are co-precipitated.

Table 6.2 Constants Used in the Nucleic Acid Precipitation Model.

Material a (K) m (-) A ( - ) B (K-1) C (K'2) D (K-3) E c  (K ")

Total

Protein

331.40 50.87 - - - - -

P-gal. 331.72 125.5 - - - - -

RNA - - 1 ,2 x 1 0 '' -166.96 0.831 - 1 .8 x1 0 '^ 1.5x10'^

Finally a model for the RNA precipitate particle size distribution was required. This 

was provided by a log-normal distribution (Irani and Callis, 1963) given by equation 

6.2, with a geometric mean size, d^ , of 1.445 pm and a geometric standard deviation, 

o, of 1.384 pm. Due to a lack of data providing particle size data for RNA 

precipitates, it was assumed that RNA precipitates had the same characteristics of 

yeast protein precipitates, although this could provide a potential source of error 

within the simulations.
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6.3.1.3 Protein Precipitation Model.

P-galactosidase was fractionated from the contaminating proteins by a precipitation 

step, using saturated ammonium sulphate solution as the precipitant. For this unit 

operation total protein and P-galactosidase solubility profiles were again described 

using equation (6.5), (Niktari et al., 1990),

F  = -------1--------  (6 .5)
1 + (C/a)**

where terms are described as above for equation (6.3) except C is the 

concentration of ammonium sulphate expressed as % saturation. The values of the 

constants used in the model are provided in Table 6.3.

Table 6.3 Constants Used in the Protein Precipitation Model.

Material a {% sat.) m (-)

Total Protein 60.0 44.6

P-galactosidase 34.1 1 2 . 2

Finally a model for the p-galactosidase precipitate particle size distribution was 

required. This was provided by a log-normal distribution (Irani and Callis, 1963) 

given by equation (6.2), with a geometric mean size, d^, of 1.445 pm, and a geometric 

standard deviation, a, of 1.384 pm. Due to a lack of data providing particle size data 

for p-galactosidase precipitates, it was assumed that p-galactosidase precipitates had 

the same characteristics of yeast protein precipitates, although this could provide a 

potential source of error within the simulations.

6.3.1.4 Centrifuge Model.

Throughout the process a disc stack centrifuge, (model SAMR 3036, Westfalia, Milton 

Keynes, U.K.) was used for cell harvesting, cell debris removal, RNA precipitate 

removal and p-galactosidase precipitate recovery. The standard disc stack centrifuge 

model developed in Chapter 4 was used with appropriate design variables from Bell 

(1982) to account for the differences in machine parameters such as the number of 

discs and the inner and outer radii of the discs. It should be noted that the feedzone 

breakage model was not used in this section of the thesis.
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6.4 Results and Discussion.

Initial studies attempted to simulate the complete process by inclusion of a 

fermentation model based on a simple chemostat model developed by Sinclair and 

Kristiansen (1987). However, not enough relevant experimental data was available to 

provide meaningful estimates of the various constants used in the model, so this 

approach was abandoned. Since no chemostat model was used in the simulations the 

starting P-galactosidase activity and biomass concentration used were those from the 

chemostat outlet quoted in the original Higgins paper. In this section of the thesis 

biomass concentration refers to whole cell and cell debris concentrations. The starting 

total protein concentration was inferred from the original Higgins paper and noting 

that when fully induced the enzyme constitutes approximately 2  % of the total protein 

(Gray et a/., 1972) and pure p-galactosidase has an activity of 570 U mg'^ (Higgins et 

al., 1978). The starting RNA concentration was also inferred from the original Higgins 

paper and noting that RNA constitutes approximately 6  % of the total biomass 

(Watson, 1987).

In the process the homogeniser was operated on a partial recycle basis at 350 Kgj cm'^. 

Figure 6.2 provides total protein release curves at three different pressures, plotted 

against number of passes. Figure 6.3 provides p-galactosidase release curves at three 

different pressures plotted against number of passes. The experimental data was taken 

from Gray et al., (1972) and the simulated data calculated using equation (6.1) with 

constants provided in Table 6.1. In both figures the release curves do not start from 

the origin since during cell harvesting some bacteria were disrupted during slurry 

discharge from the centrifuge bowl, releasing 17 % total protein and 22 % p- 

galactosidase. This explains the poor agreement between the experimental and 

simulated data in these figures at low pressures and a low number of passes, since 

equation (6 .1 ) assumes that at zero passes the release of total protein and p- 

galactosidase is zero. The curves in both figures demonstrate the ability of equation 

(6.1) to describe total protein and P-galactosidase release, especially at maximum 

release, where the process is operated. It can also be seen from Figures 6.2 and 6.3 that 

P-galactosidase was released faster than the remainder of the bacterial protein. In 

order to optimise the process equation (6 .1 ) would need to be modified so that the 

disruption profiles at low pressures and a low number of passes can be accurately 

described.

In the heat-treatment step the process liquor was heat-treated by passage through a 3- 

stage plate heat exchanger. Heating from 283 K to 328 K was accomplished in two 

stages with a 30 s residence time, using in the first the previously heated process liquor
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(regeneration stage) and in the second hot water at 338 K. The process liquor was then 

cooled to 326 K by passage through a holding coil of transparent plastic tubing, with 

a residence time of 300 s. After passage through the regeneration stage the process 

liquor was cooled in the final stage to 279 K using water at 277 K. Figure 6.4 provides 

experimental and simulated data from the heat treatment stage, plotted as the fraction 

remaining soluble against temperature for total protein, p-galactosidase and RNA. 

The experimental data was taken from Higgins et al., (1978) and the simulated data 

was calculated using equations (6.3) and (6.4) with constants provided in Table 6 .2 . 

Total protein and RNA were precipitated at lower temperatures than p-galactosidase, 

although the rate of RNA precipitation was much greater up to a temperature of 328 

K, after which the rate of RNA precipitation was reduced. As shown in Figure 6.4 

there is relatively good agreement between the experimental and simulated data.

The fractionation of P-galactosidase from total protein was accomplished by salting- 

out the p-galactosidase using saturated ammonium sulphate solution in a continuous- 

flow tank system fitted with a helical ribbon stirrer (Foster et al., 1976). Figure 6.5 

provides experimental and simulated solubility profiles for total protein and p- 

galactosidase, plotted as fraction remaining soluble against the ammonium sulphate 

concentration expressed as % saturation. The experimental data was taken from 

Higgins et al., (1978) and the simulated data was calculated using equation (6.5) with 

constants provided in Table 6.3. As shown in Figure 6.5 there is good agreement 

between the experimental and simulated data, although the solubility profile for total 

protein was subject to potential error since only three experimental data points were 

available for the curve fitting procedure.

All of the models previously described were linked together so the complete 

downstream processing sequence could be simulated. The remaining results in this 

chapter present experimental and simulated data for total protein concentration, p- 

galactosidase activity, p-galactosidase specific activity, total P-galactosidase activity 

per hour and simulated RNA and biomass concentrations for the complete downstream 

processing sequence. During the study it became clear that gaps in the experimental 

data existed. These missing data points are indicated on the appropriate figures. 

Throughout the following discussion it may be necessary to refer to Figure 6.1 for 

stream numbers.

Figure 6 . 6  provides experimental and simulated total protein concentration plotted 

against stream number, although experimental data is missing from streams 1, 2, 3, 5 

and 8 . There is a large increase of total protein concentration in stream 8 . This is due 

to the small amount total protein that is co-precipitated in the RNA heat-precipitation
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step and this is subsequently removed in centrifuge C3. As shown in Figure 6 , 6  there 

is good agreement between the experimental and simulated data. The main 

discrepancy between the experimental and simulated results occur in stream 12. Here 

the simulated data underpredicts the total protein concentration, although it should 

be noted that the experimental results from Higgins et al. (1978) do not mass balance 

with an increase in total protein of 3.3 % over centrifuge C4. Also the centrifuge 

model used in the simulation has not used the feedzone breakage model (Chapter 5).

Figure 6.7 provides experimental and simulated p-galactosidase activity plotted 

against stream number. There is a small amount of P-galactosidase activity in stream 

2 because some cell lysis occurs in centrifuge C l, leading to loss of some intracellular 

material into the supernatant stream. Streams 3 to 10 show excellent agreement 

between the two sets of data, with an approximately constant level of p-galactosidase 

activity. In stream 1 1  there is very little P-galactosidase activity because the p- 

galactosidase has been precipitated and recovered in centrifuge C4, leading to a high 

p-galactosidase activity in stream 12. Figure 6 . 8  provides experimental and simulated 

P-galactosidase specific activity plotted against stream number, although experimental 

data was missing from streams 1, 2, 3, 5 and 8 . As shown in Figure 6 . 8  there is good 

agreement between the experimental and simulated data. The main discrepancy 

between the experimental and simulated data is in stream 1 2 , where the simulated data 

overestimates the p-galactosidase by approximately 52 %, mainly because of the small 

simulated total protein concentration in stream 12 of Figure 6 .6 , which leads to a 

larger simulated p-galactosidase specific activity. Figure 6.9 provides experimental 

and simulated total p-galactosidase flows plotted against stream number. As shown 

in the figure there is excellent agreement between the two sets of data.

Figure 6.10 provides simulated RNA concentration data plotted against stream 

number. There is a small quantity of RNA in stream 2, because some cell lysis occurs 

in centrifuge C l, leading to loss of some intracellular material into the supernatant 

stream. Streams 6  and 7 indicate constant levels of RNA up until the heat-treatment 

step (stream 8 ) where the RNA is precipitated and recovered in centrifuge C3. After 

centrifuge C3 the levels of RNA are much reduced and fairly constant.

Figure 6.11 provides simulated biomass concentration plotted against stream number. 

There is no biomass in stream 2 since all the E.coli was recovered in centrifuge Cl. 

Streams 3 and 4 indicate a constant biomass concentration across the homogenisation 

step. There is a large increase in biomass concentration in stream 5 since a significant 

proportion of cell debris is recovered in centrifuge C2. After centrifuge C2 the 

biomass concentration is much reduced. However there are increases in biomass
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concentration in streams 8  and ' where any previously unrecovered cell debris from 

centrifuge C2 is partially recovered in centrifuges C3 and C4,

Using the data provided in Figures 6.5 - 6 .8 , experimental and simulated enzyme yields 

and purities can be easily calculated. These are presented in Table 6.4, noting that the 

pure enzyme has an activity of 570 U nig'^ (Higgins et aL, 1978).

Table 6.4 Comparison of Experimental and Simulated Yields and Purity.

Parameter Experimental Simulated

Final Total Enzyme 

Activity (U h'^)

14.1 X 10^ 15.7 X 10^

Purity {%) 23 35

Protein Yield (g h"^) 1 0 0 80

Enzyme Yield (g h'^) 24 28

6.5 Conclusions.

Results have shown that the models developed in the previous chapters can be 

applied to a completely different system, eg. the isolation of p-galactosidase 

from Escherichia coli, further emphasising the robustness and predictive 

capabilities of the models.

Only limited experimental data is required to calculate parameters used in the 

models and to effect an accurate simulation.

A number of assumptions were made in the modelling of this system, 

particularly the assumption of particle size distribution parameters for cell 

debris, RNA precipitates and p-galactosidase precipitates. However, by making 

sensible assumptions about the particle size properties the simulations can 

provide reasonable predictions.

Accurate simulation has tracked four components through a complete 

downstream processing sequence, namely total protein, p-galactosidase, RNA 

and biomass.

Results have shown that the models developed for one set of components such 

as protein precipitates can easily be applied to other components such as RNA
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and biomass.

#  R e su lts  h a v e  sh o w n  th a t it  is  n o w  p o s s ib le  to  p r e d ic t  th e  p e r fo r m a n c e  o f  a 

d o w n str e a m  p r o c e s s in g  s e q u e n c e  w ith  a h ig h  d e g r e e  o f  a c c u r a c y .
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Figure 6.1 Process Flowsheet for the Isolation of p-galactosidase from E.coli.
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7 Conclusions

The bioprocessing industry in general has yet to benefit from the use of process 

simulation tools. This stems from the fact that current commercially available 

bioprocess simulation packages are severely limited by the quality of the available 

unit operation models. The current large expenditure in biotechnology means that 

bioprocess simulation will play an increasingly important role, although this will 

require the development of robust and predictive models for some of the unique unit 

operations found in a bioprocess.

The use of process simulation tools and pilot-scale verification trials have been 

examined in this study. All models developed have been encoded within SpeedUp 

(Simulation Program for the Economic Evaluation of Unsteady Processes), which has 

steady-state and dynamic capabilities.

A batch precipitation model has been developed which is based on an empirical fit of 

solubility profiles for both total protein and alcohol dehydrogenase (ADH), using 

saturated ammonium sulphate solution as the precipitant. A population balance with 

kinetic equations for particle aggregation and particle breakage was used to describe 

the subsequent precipitate phase particle size distribution (PSD). The input 

parameters required are the impeller speed and an initial number-density PSD. The 

model accurately describes the solubility profiles of total protein and ADH for a 

variety of precipitation reactor scales, initial biomass levels and degree of cell debris 

clarification. Pilot-scale verification trials have related population balance 

parameters to the average shear rate and batch ageing time within the precipitation 

reactor, and defined the aggregate density-size functions for both 40 % sat. and 60 % 

sat. prepared material. The use of the solubility equations allows a mass and activity 

balance to be completed around the unit operation. The use of the population balance 

and aggregate density-size function allows a mass-density distribution to be predicted, 

which can be used as an input to the centrifuge model.

A disc stack centrifuge model has been developed which is based on the grade 

efficiency concept. The input parameters required are the geometry of the centrifuge, 

the feed flowrate, viscosity, solid-liquid density difference and the feed particle size 

distribution. The model accurately describes the separation of shear-insensitive 

particles including whole yeast cell and cell debris suspensions. The model was used 

to examine the separation of shear-sensitive protein precipitates, although there was 

a large discrepancy between the experimental and simulated data. Pilot-scale 

verification trials for the separation of 40 % sat. and 60 % sat. protein precipitate
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particle suspensions have shown that the lack of agreement between the experimental 

and simulated data was the results of particle breakage within the centrifuge 

feedzone. In the feedzone the precipitate suspension is rapidly accelerated and 

consequently sheared. This shearing force disrupts large precipitate aggregates 

producing a much finer particle size distribution which enters the active disc stack, 

where particle separation occurs. The much smaller particle size distribution leads to 

poorer recovery in the centrifuge. Consequently a centrifuge feedzone model was 

developed which takes into account particle breakage of 40 % sat. and 60 % sat. 

prepared material. The use of such a model in conjunction with the original 

centrifuge model leads to more accurate simulations.

Process verification trials have tested the developed models in a downstream 

processing sequence for the recovery and purification of alcohol dehydrogenase (ADH) 

from a yeast homogenate. To develop a predictive capability the models were linked 

together in a complete flowsheet and used in conjunction with experimental 

verification trials. The simulations tracked four components through the complete 

downstream sequence, namely, soluble phase total protein, solid/precipitate phase total 

protein, soluble phase ADH and solid/precipitate phase ADH. Process verification 

trials run at a small scale of approximately 3 L and a large scale of approximately 25 

L have shown that the experimental data does not mass or activity balance completely. 

These errors can be attributed to problems associated with analysis which include 

removing a representative sample from the process stream and the presence of solids 

in the sample producing artificially high soluble phase concentrations, especially in 

the centrifuge sediment streams. The effects of temperature and degradation of the 

proteins and ADH can also produce errors. However the simulated data followed the 

trends of the experimental data extremely well. To test the predictive nature of the 

models the effects of a number of process perturbations have been studied. The 

process perturbation trials, including the use of fermented material and increased and 

decreased levels of total protein and ADH have shown that the developed models can 

be applied outside their normal operating conditions. Use of the centrifuge feedzone 

breakage model in this instance has led to much better agreement between the 

experimental and simulated data.

As a further challenge to the models a completely different system has been studied, 

namely, the isolation of (5-galactosidase from Escherichia coli. Results have shown that 

only limited experimental data is required to calculate parameters used in the models 

to effect an accurate simulation. The simulation tracked four components through the 

complete downstream processing sequence, namely, total protein, p-galactosidase, RNA 

and biomass, and excellent agreement between the experimental and simulated data
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was obtained.

The ADH and P-galactosidase processes have shown that the developed models can be 

extended to include a number of other components such as biomass, cell debris, DNA 

and RNA,

All of these results have also shown that it is now possible to predict the performance 

of a downstream processing sequence with a reasonable degree of accuracy. The use 

of process simulation tools combined with pilot-scale verification trials can assist in 

improving the efficiency of designs and to accelerating the design process with the use 

of predictive and robust simulation tools to reduce the time required to translate a 

process from concept to full-scale reality.
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8  Future Work

This section of the thesis will recommend where future work on this subject should be

directed.

•  Model development is a continuously on-going activity and the models

developed in this study should be extended. For example the batch

precipitation model should be extended to take into account the use of other 

précipitants such as polyethylene glycol (PEG). The use of continuous 

precipitation should also be investigated.

•  Other unit operation models need to be developed in particular other 

centrifuge designs, chromatography, ultrafiltration and fermentation. The 

development of a complete library of bioprocess unit operation models will 

enable the simulation and design of complete processes.

•  Other simulation frameworks should be investigated, such as the use of 

gPROMs, which will enable the linking together of steady-state and dynamic 

models in one flowsheet, which currently presents convergence problems within 

SpeedUp.

•  The ADH process needs to be further developed by incorporating on-line 

control techniques. This is a natural progression for the use of bioprocess 

models.

•  All of the developed models should be tested against alternative processes, such 

as inclusion body processing and extracellular product processing. "What-if" 

studies can be conducted, i.e. What is the effect of substituting an ultrafilter 

for a disc stack centrifuge on the subsequent purity and yield of the process.

•  The incorporation of economic models will allow economic evaluation of 

processes.
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APPENDICES.

APPENDIX A l .  Dénaturation Studies.

A l . l  Introduction

The purpose of this study was to investigate whether protein/enzyme dénaturation via 

temperature rise was responsible for the poor recovery of precipitate material in the 

disc stack centrifuge SAOOH 205. The experiment investigated the effects of 

temperature and time on the solubility of 40 % sat. and 60 % sat. prepared material.

A1.2 Materials and Methods

Baker’s Yeast was resuspended in 100 mM phosphate buffer, pH 6.5, to give a final

concentration of 280 gL'^ wet weight. The yeast suspension was homogenised in a

Manton-Gaulin high-pressure homogeniser (Model Lab 60, APV, Crawley, Sussex, 

U.K.). Cell debris was removed by centrifugation in a laboratory centrifuge (Model 

Europa 24M, MSB, Crawley, Sussex, U.K.) at 12,000 rpm for 45 minutes. Five batches 

of clarified homogenate were then placed in five 250 mL conical flasks and left to 

equilibrate in the cold room at approximately 278 K. Saturated ammonium sulphate 

solution was added to give a final solution at 40 % sat. Each flask was then positioned 

as outlined below.

Flask A - in the cold room at approximately 278 K

Flask B - in a water bath at 283 K

Flask C - in a water bath at 288 K

Flask D - in a water bath at 293 K

Flask E - in the fermenter room at approximately 298 K.

Samples were then taken at 10 minute intervals and the temperature noted, before 

assaying for soluble and precipitate phase total protein concentration and ADH 

activity. The experiment was then repeated for 60 % sat. prepared material.

A1.3 Results and Discussion

For flasks A to D the precipitate suspensions attained the water bath temperature very 

quickly. In each of these flasks the soluble and precipitate phase total protein 

concentration and ADH activity remained approximately constant, indicating that 

there is no dénaturation up to the maximum temperature measured.
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Flask E which was left in the fermenter room at ambient temperature for a period of 

approximately 8  hours also showed no dénaturation of the soluble or precipitate 

material.

A1.4 Conclusions

•  The results show no loss of precipitate phase ADH activity or protein

concentration within the measured temperature range, from approximately 278 

K to 298 K.

•  This temperature rise is greater than the maximum temperature rise recorded

across the disc stack centrifuge, SAOOH 205, of 281.7 K at a flowrate of 10 L 

h '^

•  The results also show no loss of precipitate phase ADH activity and total

protein concentration with time, up to a maximum time of 8  hours.
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APPENDIX A2. Methods of Protein Precipitation.

A number of different methods are available for protein precipitation. They range 

from the addition of neutral salts and alcohols or pH change to specific chemical 

action of organic reagents and metal ions.

A2.1 Salting-Out.

The precipitation of proteins by high concentrations of neutral salts is one of the 

oldest and most widely used methods for the recovery and fractionation of proteins. 

This process of salting-out can be characterised using the Cohn expression:

log s  = p - j:/ (Al.l)

where, S is the solubility of the protein, I is the ionic strength, and, p and K are 

constants. The constant p varies with the protein but not the salt, and is dependant 

on pH and temperature. Constant K is given by the gradient of the salting-out curve, 

and is independent of pH and temperature, but dependant on the protein/salt system.

It has been proposed that the salting-out of proteins is a balance between a salting-in 

process due to electrostatic effects of the salt, and a salting-out process due to 

hydrophobic effects. The contact area between protein molecules is determined by a 

parameter known as the relative surface hydrophobicity (Û). At high salt 

concentrations the attractive force between any hydrophobic areas is increased due 

to the greater induced dipoles (o). However, this effect causes the development of 

layers of like charges on the molecule, thus creating a repulsion between the molecules 

(X). Hence the overall solubility (K) is given by the following equation.

K = Qa -  X (A1.2)

The value o is determined by the particular salt used and the value of Ü is determined 

by the particular protein used. Generally, D.o is very much greater than X, hence the 

maximum solubility is reached at low salt concentrations.

The relative effectiveness of neutral salts in salting-out gives rise to the lyotropic or 

Hofmeister series in which :

Citrate > Phosphate > Sulphate > Acetate ~ Chloride > Nitrate > Thiocyanate

The tendency for a salt to cause structural damage to a protein is inversely related to 

its position in the Hofmeister series. Ammonium sulphate solution is the commonest
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reagent used since it is inexpensive and has a high solubility even below ambient 

temperatures.

A2.2 Isoelectric Precipitation.

Another common method for protein precipitation is via the manipulation of pH at 

low ionic strength, to a point where the protein has zero net charge. The Cohn 

equation can also be used to describe isoelectric precipitation, since P in equation 

(A l . l )  is pH dependant, the main advantage of this method is the cheapness of the 

mineral acids commonly employed, although there is the potential of irreversible 

protein damage. To reduce the possibility of such damage vigorous mixing should be 

employed, but this in turn presents problems in the form of shear damage, (Bell et al., 

1983).

A2.3 Precipitation by Organic Solvents.

When an organic solvent is added to an aqueous protein solution the dielectric constant

is reduced which leads to a reduction in protein solubility. The use of organic solvents

in protein precipitation offers a very refined method for protein fractionation. The 

most common solvent used is ethanol, particularly for human plasma fractionation, 

although precise temperature control is required. The main disadvantages of organic 

solvents are their tendency to cause structural damage. They are also inflammable and 

costly. Ethanol has the added disadvantage of Government control over its 

distribution and use.

A2.4 Precipitation by High-Molecular Weight Polymers.

A number of polymers have been investigated recently for protein precipitation. Non

ionic polymers such as dextrans and polyethylene glycols have been used recently for 

protein precipitation. The method of precipitation for non-ionic polymers is not well 

understood, but various workers have suggested that the polymer excludes the protein 

from part of the solution and reduces the effective amount of water available for 

solvation. Non-ionic polymers have the added advantage that they stabilize proteins 

and may be used at ambient temperatures.

Ionic polyelectrolyte preciptants act in a similar way to flocculating agents, in that 

they act on soluble proteins by forming networks of polyelectrolyte and protein. 

Anionic polyelectrolytes must be used at a pH below the isoelectric point of the 

protein, hence, they are not commonly used because of the denaturing effect of acidic
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conditions. Cationic polyelectrolytes can be used above the isoelectric point, and 

hence find more uses. Ionic polymers commonly used include carboxymethylcellulose 

and polyethyleneimine.

A2.5 Precipitation by Metal Ions.

A number of metal ions can be used for protein precipitation. These can be classified 

into three groups. Those that bind strongly to carboxylic acids and nitrogenous 

groups, such as Mn '̂*’ and Fe^^. Those that bind to carboxylic acids but not 

significantly to nitrogenous groups, such as Ca^^ and Mg^" .̂ And those that bind 

strongly to sulphydryl groups, such as Ag"^ and Hg^"^. The main advantage of metal 

ion precipitation is their greater precipitating power with respect to proteins in dilute 

solutions. The main disadvantage is that reversal of the interaction may be difficult, 

especially with sulphydryl derivatives, and the bound metal ion may cause 

dénaturation.
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APPENDIX A3. Centrifuge Designs.

A number of different centrifuge designs are available for use in the bioprocessing 

industry. This section outlines the different types and how they have been 

specifically adapted to deal with biological particles.

A3.1 The Tubular Bowl Centrifuge.

The tubular bowl centrifuge is shown in Figure (A3.1), and is the simplest centrifuge 

design. It consists of a cylindrical bowl suspended from a shaft and motor or air 

turbine. The rotor is set in a drag bearing usually made of brass, which by design 

allows the rotor to finds its own rotational axis. This type of bearing design allows 

high speed operation and permits the rotor to recentre during any temporary 

imbalance. The suspension is pumped to the rotor via a nozzle through the bottom 

drag bearings and the solids are sedimented to the walls, as the liquid rises. At the top 

of the centrifuge the clarified liquid is ejected by force. The solids that accumulate 

on the bowl wall need to be removed manually which means stopping the centrifuge 

and interrupting the separation process. However this process can be speeded up by 

the use of inserted plastic liners. This machine has an excellent clarification 

efficiency, although the solids handling capacity is small, and the method of liquid 

discharge can lead to aerosol formation. A number of methods have been used to 

achieve solids removal, such as the use of folding vanes (Hoare, 1981), although non 

have gained wide acceptance. The high levels of turbulence in the feedzone of such 

machines can disrupt delicate particles such as precipitates and floes leading to a much 

reduced separation efficiency. The use of soft feed designs provide a more gentle 

acceleration of the feed to bowl speed thus alleviating the problem to some degree.

A3.2 The Multichamber Centrifuge.

The multichamber centrifuge is shown in Figure (A3.1), and is a development of the 

previously described tubular bowl centrifuge. The multichamber centrifuge consists 

of a series of concentric chambers all mounted inside a rotor. The complexity of the 

design limits the rotational speed of the machine. The suspension is fed in by a central 

pipe, it then moves in a random way up and down between the concentric bowls. The 

clarified liquid is removed by a centripetal pump, mounted concentric with the inlet 

feed pipe. Solids are sedimented on the inside of the bowls and each outer bowl has 

a greater sedimenting force. For good dewatering of a suspension, the machine should 

be operated nearly full. This machine also has good clarification efficiency but a high 

turnaround time due to the manual cleaning that is required. Also during shutdown.
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any liquid remaining in the bowl can easily wash solids off the cake. Heat dissipation 

within the chambers can cause problems to heat labile materials, although recently, 

cooling of these machines has been accomplished with the use of a cold-water spray 

head mounted above the bowl. The centripetal pump also acts as a source of heat 

generation and the cold-water spray cannot help heat dissipation in this area, although 

some machines include cooling systems for the centripetal pump. Other developments 

for heat dissipation are the use of double-walled outer chambers, to isolate the rotor 

from the drive system and permit coolant circulation. The use of hermetic seals has 

minimised air entrainment which reduces turbulence in the feedzone and thereby 

protein dénaturation.

A3.3 The Disc-Stack Centrifuge.

The disc-stack centrifuge is shown in Figure (A3.1), and is characterised by its ability 

to continuously discharge solids. The disc-stack centrifuge consists of a set of conical 

discs, with spacing strips between each disc, so that a cone is formed. The suspension 

enters the machine down through a central pipe, which passes through the center of 

the cone. The material leaving the pipe then moves upwards passing inbetween the 

discs. The close spacing of the discs helps in the rapid sedimentation of the solids, 

which then pass to the edge of the bowl. Continuous solids removal is accomplished 

via the nozzle at the edge of the bowl. This design poses some constraints ; the solids 

content of the feed must remain constant or solid and liquid will be alternately 

discharged, no dirt or aggregates must be present in the feed as the nozzles could

block, also, the bowl must be above a certain minimum size for continuous solids

removal. For smaller centrifuges scale-down presents a problem, because either the 

size of the nozzles needs to be reduced, or the number of nozzles themselves needs to 

be reduced. A decrease in the number of nozzles will leave dead spots around the bowl 

periphery and a decrease in the size of the nozzles could lead to blinding of the 

nozzles. One solution to this problem can be to alter the basic design of the centrifuge, 

as shown in Figure (A2.1). Here, the outer bowl above and below the centre-line is in 

two halves. The halves can be separated hydraulically at timed intervals, and closed

again, to effect solids discharge. Disc stack centrifuges are ideally suited to the

recovery of cells, although they are less effective for cell debris and protein 

precipitates, where partial recovery must be accepted. The major modifications made 

to these machines are cooling of the bowl, centripetal pump, hood and sediment 

catcher. Also particle disruption in the feedzone can cause much reduced separation 

efficiencies, which can be alleviated by hermetic seals and soft feed designs.
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A3.4 The Scroll Centrifuge.

The scroll centrifuge is shown in Figure (A3.1), and is characterised by its ability to 

continuously discharge liquid and solids. It consists of a archimedean screw within 

a rotating bowl, which is rotating at a slightly different speed to the screw, so that 

sedimented solids are scrolled along the bowl. In general, the bowls have an end 

conical section so that the solids are scrolled up a "beach", above the liquid layer for 

good dewatering, before being discharged. However some machines consist solely of 

a conical section. The machine is fixed on an end bearing which limits the rotational 

speed to between 2000-4000 rpm. The main modifications made to scroll decanter 

centrifuges are soft feed designs such as a rotating feed pipe or a feed conveyor to 

reduce particle disruption in the feedzone.

A3.5 The Basket Centrifuge.

The basket centrifuge is shown in Figure (A3.1), and consists of a bowl into which a 

filter medium is fixed. The centrifugal force in the bowl forces the suspension to the 

filter, where liquid can pass through as clarified liquid and the solids are retained 

inside the bowl. The main disadvantage of this machine is that the bowl can become 

blinded with soft biological materials. This effect would be made worse if the 

filtration driving force were increased.
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□ IJID

(A) TUBULAR BOWL (B) MULTICHAMBER

solids

(C) DISC, NOZZLE (D) DISC, INTERMITTENT 

DISCHARGE

(E) SCROLL DECANTER (F) BASKET

Figure A3.1 Centrifuge Designs.
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APPENDIX A4 SPEEDUP MODELS

A4.1 Introduction

This section provides the actual SpeedUp models for batch precipitation, disc stack 

centrifuge and a disc stack centrifuge feedzone model. Unfortunately in transferring 

the SpeedUp files into a wordprocessing format the margins and spacing has become 

somewhat erratic.

A4.2 Batch Precipitation Model

TITLE
Batch Precipitation Model.

OPTIONS
EXECUTION

PRINTLEVEL=1
TARGET=TERM INAL
INTERVALS=7
TIM E STEP=0.1 

. . . .  -
DECLARE

TYPE
FLOW RATE =1.00:0.00:1.0E6
NUMBERS =0.01:-1.0E38:1.0E38
RATE =1.00:-1.0E38:1.0E38
SIZES =0.10:0.10:1.0E6 UNIT="MICRONS"
VOLUME =500 :0.10:1.0E6 UNIT="L"
SATURATION =1.00:0.00:100 UNIT="% SAT."
CONCENTRATION =0.00:0.00:1.0E6 UNIT="MG/ML"
MASSES =0.01:-1.0E38:1.0E38 UNIT="G"
ACTIVITY =0.00:0.00:1.0E6 UNIT="U/ML"
ENZYMES =0.00:0.00:1.0E38 UNIT="U"
YIELD =0.00:0.00:100 UNIT="%"
NOTYPE =1.00:-1.0E20:1.0E20 
N O T Y P E l  =0.01:0.00:1.0E20 

STREAM FEEDSTREAM 
TYPE
SATURATION,CONCENTRATION, ACTIVITY 

STREAM PRECIPITANTSTREAM 
TYPE
SATURATION 

STREAM PRODUCTSTREAM 
SET 

NOSIZE=20 
TYPE
MASSES(NOSIZE), CONCENTRATION, CONCENTRATION, ACTIVITY, ACTIVITY

PROCEDURE MOMENT 
INPUT NUMBERS(NOSIZE),SIZES(NOSIZE)
OUTPUT N 0TY PE(4)
CODE

SUBROUTINE MOMENT(N_OUT,NOSIZE,SIZE,NlSIZE,MOM_OUT,NO) 
IM PLICIT DOUBLE PRECISION (A -H ,0-Z )
DOUBLE PRECISION N_OUT(NOSIZE),SIZE(20),MOM(20),MOM_OUT(4) 
R 2 = l.12996052494 
M OM _OUT(1)=0.0 
DO 10 I=l,N O SIZE

MOM(I) = (R2*SIZE(I))**0*N_OUT(I)
M O M _O U T(l) = M OM _OUT(l)+M OM (I)
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10 CONTINUE
M OM _OUT(2)=0.0 
DO 20 I=l,N OSIZE

M OM (I)=(R2*SIZE(I))**l*N _O UT(I) 
M OM _OUT(2)=M OM _OUT(2)+M OM (I) 

20 CONTINUE
M OM _OUT(3)=0.0 
DO 30 I=l,N O SIZE

MOM(I) = (R2*SIZE(I))**2«N_OUT(I) 
M OM _OUT(3)=M OM _OUT(3)+M OM (I) 

30 CONTINUE
M OM _OUT(4)=0.0 
DO 40 I= l,N OSIZE

MOM(I) = (R 2"SIZ E (I))"3"N _O U T (I) 
M OM _OUT(4)=M OM _OUT(4)+M OM (I) 

40 CONTINUE 
RETURN 
END 

SENDCODE

PROCEDURE PRECIP
INPUT NUMBERS(NOSIZE),SIZES(NOSIZE),NOTYPE,NOTYPE 
OUTPUT RATE(NOSIZE)
CODE

SUBROUTINE PRECIP(NUM,NOSIZE,SIZE,N2,BETAO,KD,NDASH,N3) 
IM PLICIT DOUBLE PRECISION (A-H.O-Z)
DOUBLE PRECISIONNA,NB,NC,ND, KD,K
DOUBLE PRECISION NUM(NOSIZE),SIZE(20),NDASH(NOSIZE)
DOUBLE PRECISION NAGG(20),NBRE(20),BETA(20,20)

C ...................................................................
C AGGREGATION - COALESCENCE KERNAL 
C ...................................................................

DO 10 I= l,N O SIZE 
DO 20 J = l,NOSIZE

B ETA (I,J)= BETAO 
20 CONTINUE 
10 CONTINUE

C ....................................................
C AGGREGATION - MECHANISM 1
C ....................................................

DO 30 I= l,N O SIZE 
NA=0.0
IF(I.GT.1)THEN 

DO 40 J = l,I-2
NA=NA+2.0**(J-I+1)*BETA(I-1,J)*NUM (I-1)*NUM (J) 

40 CONTINUE
ENDIF

C ....................................................
C AGGREGATION - MECHANISM 2
C ....................................................

NB=0.0
IF(I.GT.1)THEN

N B=0.5*BETA(I-1,I-1)*NU M (I-1)*N U M (M )
ENDIF

C ....................................................
C AGGREGATION - MECHANISM 3
C ....................................................

NC=0.0
ND=0.0
DO 70 J = 1,N0SIZE 

IF(J.LT.I)THEN
NC=NC+2.0’ *(J-I)*BETA(I,J)*NUM (I)*NUM (J)

ELSE
C ....................................................
C AGGREGATION - MECHANISM 4 
C ....................................................

ND=ND+BETA(I,J)*NUM(I)*NUM(J) 
ENDIF 

70 CONTINUE
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c  ..............................................................................
c  AGGREGATION - SUMMATION OF MECHANISMS
C ..............................................................................

NAGG(I)=NA+NB-NC-ND 
30 CONTINUE

C .........................
C FOR BREAKAGE
C .........................

DO 110 1=1,NOSIZE
IF(I.EQ.NOSIZE)THEN

NBRE(I) = -KD*((SIZE(I))*'3)*NUM (I)
ELSE

NBRE(I) = KD*(2*SIZE(I+1)**3*NUM(I+1)
& -SIZE(I)**3*NUM(I))

ENDIF 
110 CONTINUE

C ..........................................
C SUM DERIVATIVES OF N
C ..........................................

DO 120 1=1,NOSIZE
NDASH(I)=NAGG(I)+NBRE(I)

120 CONTINUE 
RETURN 
END 

SENDCODE

MODEL PRECIPITATION 

SET

NOSIZE=20
KV=0.523598775

TYPE

AS VOLUME 
AS SATURATION

AS CONCENTRATION

AS ACTIVITY

AS MASSES

V _IN ,V _PR ,V _O U T 
CS_IN ,CS_PR  
R _SO L_IN ,R _SO L_O U T,
R _C O L _IN ,R _C O L_O U T  
E _SO L_IN ,E_SO L_O U T,
E _C O L _IN ,E_C O L_O U T  
M _SO L_IN ,M _SO L_O U T,
M _C O L_IN ,M _C O L_O U T 
U _SO L_IN ,U _SO L_O U T,
U _CO L_IN ,U _C O L_O U T AS ENZYMES
N _OUT, NUM AS ARRAY(NOSIZE) OF NUMBERS
NDASH AS ARRAY(NOSIZE) OF RATE
D AS ARRAY(NOSIZE) OF SIZES
MASS,MASS_OUT, NM _OUT AS ARRAY(NOSIZE) OF MASSES
F _R ,F _E ,N _R ,N _E ,
ALPHA_R,ALPHA_E,
BETAO,KD,DM,SIG AS NOTYPE
S AS ARRAY(NOSIZE) OF N O T Y P E _l
MOM_OUT AS ARRAY(4) OF NOTYPE

STREAM

INPUT 1 C S_IN ,R_SO L_IN ,E_SO L_IN  
INPUT 2 C S_PR
OUTPUT N M _O U T ,R_SO L_O U T,R _C O L_O U T,E_SO L_O U T,E_CO L_O U T 

EQUATION

# EMPIRICAL SOLUBILITY EQUATIONS #

F _R = 1 .0 /(1+ (C S _P R /A L P H A _R )’N _R);
F _E = 1 .0 /(1+ (C S _P R /A L P H A _E )’N _E);
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# PRECIPITANT VOLUME AND TOTAL VOLUME #

V _P R = V _IN *(C S_PR -C S _IN )/(100-C S _PR );
V _O U T=V _IN +V _PR ;

# PROTEIN AND ENZYME MASS BALANCES #

M _SO L _IN =R _SO L _IN -V _IN ;
U _SOL_IN =1000*E_SOL_IN *V_IN;
M _C O L_IN =R _C O L_IN *V _IN ;
U _CO L_IN=1000*E_CO L_IN*V _IN ;

M _SO L_O U T=F_R *M _SO L_IN ;
U _SO L _O U T =F_E *U _SO L_IN ;
M _C O L_O U T=M _C O L_IN +M _SO L_IN -M _SO L_O U T;
U _CO L_O U T=U _C O L_IN +U _SO L_IN -U _SO L_O U T;

R _C O L _O U T =M _C O L _O U T /V _O U T ;
E _C O L _O U T = U _CO L_OU T / ( 1000 * V_OUT) ;
R _SO L _O U T =M _SO L _O U T/V _O U T;
E_SO L_O U T=U _SO L_O U T/(1000*V _O U T);

# BATCH POPULATION BALANCE #

$NUM=NDASH;

# NORMALISE DATA #

N_OUT=NUM /SIGM A(NUM );
DM =EXP(SIGM A(N_OUT*LOG(D)));
S=N_OUT*(LOG(D)-LOG(D50))*(LOG(D)-LOG(D50));
SIG=EXP(SQRT(SIGM A(S)));

# CONVERT TO MASS-DENSITY DISTRIBUTION #

M ASS=1.0E-9*(1100+(56*D’(-0 .635)))*K V (D ’3)*NUM*V_OUT;
M ASS_OUT=M ASS*R_COL_OUT*V_OUT/SIGM A(M ASS):

# NORMALISE DATA #

NM _OUT=M ASS_OUT/SIGM A(M ASS_OUT);

PROCEDURE 
(NDASH)PRECIP(NUM,D,BETAO,KD) 
(MOM_OUT)MOMENT(NUM,D)

FLOWSHEET
FEED 1 IS INPUT 1 OF PREC TY PE FEEDSTREAM 
FEED 2 IS INPUT 2 OF PREC TY PE PRECIPITANTSTREAM

OUTPUT OF PREC IS PRODUCT 1 TYPE PRODUCTSTREAM

UNIT PREC IS A PRECIPITATION

OPERATION 
SET 

WITHIN PREC

# SOLUBILITY DATA #

V_IN=15.0 
CS_PR=40.0 
CS_IN=0.0 
R _SO L_IN  = 113.85 
E _S O L _IN = 1068.29 
R _C O L_IN =50.51E-3 
E _C O L_IN =0.52 
A LPH A _R =35.623 
N _R=4.310 
ALPHA E=42.523
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N _E=8.399

# POPULATION BALANCE DATA #

KD = 6.0E-2 
BETA0=0.0
D = <0.2,0.252,0.317,0.4,0.504,0.635,0.80,1.008,1.270,1.600, 

2.016,2.540,3.200,4.032,5.08,6.400,8.063,10.16,12.800,16.127>

INITIAL 
WITHIN PREC
NUM= <0.0,0.0,0.0,0.0,0.0,0.0,9372000.0,8987000.0,

3124000.0,1056000.0,440000.0,198000.0,66000,0.0,0.0,
0 .0 ,0 .0 ,0 .0 ,0 .0 ,0 .0 >

REPO RT M_BAL 
FIELDS

61 = DATE;
6 2  = TIME;
DECIMALS=2
6 3  LEFT=PR EC .R_SO L_IN ;
6 4  LEFT=PR EC .R_SO L_O U T;
65  LEFT=PREC.M _SO L_IN ;
6 6  LEFT=PR EC .M _SO L_O U T;
6 7  LEFT=PR EC .R_C O L_IN ;
6 8  L EFT=PR EC .R_C O L_O U T;
6 9  LEFT=PR EC .M _C O L_IN ; 
& 10LEFT=PREC.M _COL_OUT; 
& llL E FT =PR E C .E _SO L _IN ; 
&12LEFT=PREC.E_SOL_O UT; 
& 13LEFT=PREC.U_SOL_IN; 
& 14LEFT=PREC.U_SOL_OUT; 
&15LEFT = PR EC .E _C 0L_IN ; 
&16LEFT= PREC.E_COL_OU T; 
&17LEFT=PREC.U _CO L_IN; 
& 18LEFT=PREC.U_COL_OUT;

DISPLAY

I
PROCESS MASS BALANCE FROM SPEEDUP

I
DATE : %%%%%%%%% TIME : %%%%%%%%%

111 I | 2 |
 >1 BATCH
PRECIPITATION |

I I
CMPT I STREAM 1

_ _ _ _ _ _ _ _ _ _ _ _ _ _ _ _ _ _ I _ _ _ _ _

I
STREAM 2

SOLUBLE I 
PROTEIN I %%%%%%%%% %%%%%%%%%
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( g / L )  I

1 1 
1 SOLUBLE 1 
1 PROTEIN 1 
1 (g) 1 
1

1
1

%%%%%%%%%
1

1

1
1

%%%%%%%%% 1 
1

1
1

1 1 
1 SOLID 1 
1 PROTEIN 1 
1 (g/L) 1 
1

1
1

%%%%%%%%%
1

1

1
1

%%%%%%%%% 1 
1

1
1

1 1 
1 SOLID 1 
1 PROTEIN 1 
1 (g) 1 
1

1
1

%%%%%%%%%
1

1

1
1

%%%%%%%%% 1 
1

1
1

1 1 
1 SOLUBLE 1 
1 ENZYME 1 
I (U /m L) 1 
1

1
1

%%%%%%%%%
1

1

1
1

%%%%%%%%% 1
1

1
1

1 1 
1 SOLUBLE 1 
1 ENZYME 1 
1 ( U )  1 
1

1
1

%%%%%%%%%
1

1

1
1

%%%%%%%%% 1 
1

1
1

1 1 
1 SOLID 1 
1 ENZYME 1 
1 (U/m L) 1 
1

1
1

%%%%%%%%%
1

1

1
1

%%%%%%%%% 1 
1

1
1

1 1 
1 SOLID 1 
1 ENZYME 1 
1 (U) 1 
1

1
1

%%%%%%%%%

1

1
1

%%%%%%%%% 1 
1

1

A4.3 Disc Stack Centrifuge Model

TITLE
Disc Stack Centrifuge Model.

OPTIONS 
EXECUTION 
PRINTLEVEL=1 
TARGET =TERMINAL

DECLARE
TYPE

VOLUME =1.00 :0.01:1.0E6 UNIT="L"
SIZES =0.10 :0.01:1.0E4 UNIT="MICRONS" 
CONCENTRATION=0.00 :0.00:1.0E6 UNIT = "MG/ML" 
MASSES =0.00 :0.00:1.0E6 UNIT="G"
ACTIVITY =0.00 :0.00:1.0E6 UNIT="U/M L"
ENZYMES =0.00 :0.00:1.0E38 UNIT="U"
VOL_FLOW RATE =1.0E-5 :0.00:1.0E6 UNIT="M 3/S" 
AREA =0.00 :0.00:1.0E6 UNIT="M2"
VISCOSITY =3.56E-3:0.00:1.0E4 UNIT = "Ns/M2"
RADIANS =1.0 :0.00:1.0E4 UNIT="RADS"
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RADIUS =0.00 :0.00:1.0E4 UNIT="M"
VELOCITY =500 :0.00:1.0E6 UNIT="RAD/S"
DENSITY =100 :0.00:1.0E6 UNIT="KG/M 3"
NOTYPE =0.01 :0.00:1.0E6 

STREAM FEEDSTREAM 
SET NOSIZE=20 

TYPE
MASSES(NOSIZE),SIZES(NOSIZE),CONCENTRATION,CONCENTRATION, 
ACTIVITY,ACTIVITY 

STREAM PRODUCTSTREAM 
SET NOSIZE=20 

TYPE
MASSES(NOSIZE),CONCENTRATION,CONCENTRATION,ACTIVITY,ACTIVITY

MODEL DISC STACK CENTRIFUGE 
SET 
NOSIZE 
PI=3.14159 
G=9.81 

TYPE
V _IN,V _SEDM T,V _SUPN T AS VOLUME
SIZE AS ARRAY(NOSIZE) OF SIZES
N M _COL_IN,NM _COL_SUPNT,NM _COL_SEDM T AS ARRAY(NOSIZE) OF MASSES 
M _SO L_IN,M _SOL_SUPN T,M _SOL_SEDM T,
M _CO L_IN,M _CO L_SU PNT,M _CO L_SED M T AS MASSES
U_SOL_IN ,U_SO L_SU PN T,U _SOL_SEDM T,
U _CO L_IN ,U _CO L_SU PN T,U _CO L_SED M T AS ENZYMES
R_CO L_IN ,R_SO L_SU PN T,R _SO L_SED M T,
R _SO L_IN ,R _CO L_SU PN T,R _C O L_SED M T AS CONCENTRATION
E_SO L_IN ,E_SO L_SU PN T,E_SO L_SED M T,
E _CO L_IN ,E_C O L_SU PN T,E_C O L_SED M T AS ACTIVITY
DCRIT AS SIZES
N AS NOTYPE
Q AS VOL_FLOW RATE
AE AS AREA
MU AS VISCOSITY
THETA AS RADIANS
R2, R I AS RADIUS
OMEGA AS VELOCITY
DRHO AS DENSITY

STREAM
INPUT N M _C O L_IN ,SIZE,R _C O L_IN ,R _SO L_IN ,E_C O L_IN ,E_SO L_IN  
OUTPUT 1 N M _C O L_SU PN T,R_C O L_SU PN T,R _SO L_SU PN T,E_CO L_SU PN T,E_SO L_SU PN T 
OUTPUT 2 N M _CO L_SED M T,R_CO L_SED M T,R_SO L_SED M T,E_CO L_SED M T,E_SO L_SED M T 

EQUATION

# EQUIVALENT SETTLING AREA #

AE=(2*PI*N*(QM EGA*OM EGA)*((R2*R2*R2)-(R1-R1*R1)))/(3.0*G*TAN(THETA));

# CRITICAL PARTICLE DIAMETER FOR SEPARATION # 

DCRIT=SQRT((18E12*Q*M U)/(DRHO*AE*G));

# VOLUME BALANCE #

V _SU PN T=V _IN -V _SED M T;

# GRADE EFFICIENCY CURVE EQUATION #

N M _COL_SEDM T=N M _COL_IN
•(1.0-EX P(-(0.865*SIZE/D C R IT)’2.08));

# SOLID PROTEIN AND ENZYME MASS BALANCE #

N M _COL_SUPN T=NM _CO L_IN-NM _CO L_SED M T;
M _COL_SU PNT=M _CO L_IN*SIGM A (N M _COL_SU PNT):
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M _C O L_SED M T=M _CO L_IN * SIGM A(NM _COL_SEDM T) ;
U _C O L _IN =1000* E _CO L_IN  * V_IN;
U _CO L_SUPN T=U_COL_IN *SIG M A (NM _CO L_SUPN T);
U_COL_SED M T=U _CO L_IN*SIGM A(N M _COL_SEDM T);

# SOLID PROTEIN CONCENTRATION AND ENZYME ACTIVITY # 

M _C O L_IN =R _C O L_IN *V _IN ;
R_CO L_SU PN T=M _C O L_IN *SIG M A (N M _CO L_SU PN T)/V _SU PN T;
R_CO L_SED M T=M _CO L_IN*SIGM A (N M _COL_SEDM T)/V _SED M T;
E_CO L_SU PN T=U _C O L_SU PN T/(1000*V _SU PN T);
E_C O L _SED M T = U _COL_SEDM T / ( 1000 * V_SEDM T) ;

# SOLUBLE PROTEIN AND ENZYME MASS BALANCES #

M _SO L_IN =R_SO L_IN *V _IN ;
U _SO L _IN =1000* E_SO L_IN  * V_IN;
M _SO L_SED M T=M _SO L_IN *V _SED M T/V _IN ;
M _SO L_SU PN T=M _SO L_IN -M _SO L_SED M T;
U _SO L_SED M T=U _SO L_IN *V _SED M T/V _IN ;
U _SO L_SU PN T=U _SO L_IN -U _SO L_SED M T;

# SOLUBLE PROTEIN CONCENTRATION AND ENZYME ACTIVITY #

R_SO L_SED M T=M _SO L_SED M T/V _SED M T;
R_SO L_SU PN T=M _SO L_SU PN T/V _SU PN T;
E_SO L_SED M T= U_SOL_SEDM T / (1000* V_SEDM T) ; 
E_SO L_SU PN T=U _SO L_SU PN T/(1000*V _SU PN T);

FLOWSHEET
FEED 1 IS INPUT Of CENTRIFUGE TY PE FEEDSTREAM

OUTPUT 1 Of CENTRIFUGE IS PRODUCT 1 TY PE PRODUCTSTREAM 
OUTPUT 2 Of CENTRIFUGE IS PRODUCT 2 TY PE PRODUCTSTREAM

UNIT CENTRIFUGE IS A DISC_STACK_CENTRIFUGE

OPERATION
SET
WITHIN CENTRIFUGE 
Q=1.389E-5 
MU=10.5E-3 
DRHO=28.0 
THETA=0.68 
N =38.0 
R2=0.04255 
R l=0.0266 
OMEGA=1047.0 
V _IN=41.25 
V_SUPNT=35.0 
R _C O L _IN = 19.01 
E _C O L _IN = 194.26 
R _SO L_IN =2.43 
E SOL IN=4.81

SIZE=<
0.2,0.252,0.32,0.4,0.5,0.635,0.8,1.0,1.30,1.60,2.02,
2.54,3.20,4.00,5.00,6.40,8.06,10.16,12.80,16.13>

N M _C O L_IN =<
0.0,0.0,0.0,0.0,0.0,0.0,0.0,424.636E-6,0.102,0.269,0.274,
0.179,90.469E-3,42.484E-3,42.404E-3,0.0,0.0,0.0,0.0,0.0>

REPORT M B A L  
FIELDS 

&1 = DATE;
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6 2 = TIME;
DECIMALS=2
6 3  LEFT=CEN TRIFU G E.R_SO L_IN ;
64  LEFT=CENTRIFU GE.R_SOL_SUPN T;
65  LEFT=CENTRIFU GE.R_SOL_SEDM T;
66  LEFT=CENTRIFU GE.M _SO L_IN;
6 7  LEFT=CENTRIFU GE.M _SO L_SU PN T;
68  LEFT=CENTRIFU GE.M _SO L_SED M T;
69  LEFT=CEN TRIFU G E.R_CO L_IN ; 
&10LEFT=CENTRIFUGE.R_COL_SUPNT; 
&11LEFT=CENTRIFUGE.R_COL_SEDM T; 
&12LEFT=CENTRIFUGE.M _COL_IN; 
&13LEFT=CENTRIFUGE.M _COL_SUPNT; 
«&14LEFT=CENTRIFUGE.M_COL_SEDMT; 
&15LEFT=CENTRIFUGE.E_SOL_IN; 
&16LEFT=CENTRIFUGE.E_SOL_SUPNT; 
&17LEFT=CENTRIFUGE.E_SOL_SEDM T; 
&18LEFT=CENTRIFUGE.U_SOL_IN; 
&19LEFT=CENTRIFUGE.U_SOL_SUPNT; 
«fe20LEFT=CENTRIFUGE.U_SOL_SEDMT; 
&21LEFT=CENTRIFUGE.E_COL_IN; 
&22LEFT=CENTRIFUGE.E_COL_SUPNT; 
&23LEFT=CENTRIFUGE.E_COL_SEDM T; 
&24LEFT=CENTRIFUGE.U_COL_IN; 
&25LEFT=CENTRIFUGE.U_COL_SUPNT; 
&26LEFT=CENTRIFUGE.U_COL_SEDM T;

DISPLAY

I
PROCESS MASS BALANCE FROM SPEEDUP |

I
DATE : %%%%%%%%% TIM E : %%%%%%%%% |

111

Feed

|2|
Supernatent

-- -> p IS C  STACK 1 
CENTRIFUGE I

|3|

Sediment

I I
CMPT I STREAM 1

_ _ _ _ _ _ _ _ _ _ _ _ _ _ _ _ _ _ I _ _ _ _ _

I
SOLUBLE 
PROTEIN 

( g / L )  I

T ~ '

STREAM 2 STREAM 3

%%%%%%%%%
I

I
SOLUBLE I 
PROTEIN I

( g )  I

I 
I

%%%%%%%%%
I

 I___________

%%%%%%%%%
I

I %%%%%%%%% I

I I
%%%%%%%%%

I
%%%%%%%%%
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I

SOLID I 
PROTEIN I 

( g / L )  I

I
SOLID 1 

PROTEIN I
( g )  I

I
SOLUBLE I 
ENZYME I 
(U/m L) I

I
SOLUBLE I 
ENZYME I 

(U) I

I
SOLID I 
ENZYME I 
(U/m L) I

I
SOLID I 
ENZYME 
(U) I
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I

%%%%%%%%%
I

%%%%%%%%%
I

_ _ l ________

I
I

%%%%%%%%%
I

 I _ _ _ _ _ _ _ _ _ _ _

%%%%%%%%%

I
%%%%%%%%%

I
 I _ _ _ _ _ _ _ _ _ _ _

%%%%%%%%%
I

%%%%%%%%% I

I
I I

%%%%%%%%%
I I

%%%%%%%%% I

I I
%%%%%%%%% %%%%%%%%% I

%%%%%%%%% %%%%%%%%%

%%%%%%%%% 
I I

1 % % % % % % % % %  I

%%%%%%%%%
I

%%%%%%%%%

A4.4 Disc Stack Centrifuge Feedzone Model

TITLE
Disc Stack Centrifuge Feedzone Model.

OPTIONS 
EXECUTION 
PRINTLEVEL=1 
TARGET =TERMINAL

DECLARE
TYPE

VOLUME =1.00 :0.01:1.0E6 UNIT="L"
SIZES =0.10 :0.01:1.0E4 UNIT="MICRONS"
NUMBERS =0.10 :-1.0E6;1.0E10
CONCENTRATION=0.00 :0.00:1.0E6 UNIT="MG/ML"
ACTIVITY =0.00 :0.00;1.0E6 UNIT="U/ML"
MASSES =0.00 :0.00:1.0E6
NOTYPE =0.01 :0.01E-10:1.0E10

STREAM MAINSTREAM 
TYPE
CONCENTRATION,CONCENTRATION,ACTIVITY,ACTIVITY 

STREAM SHEARSTREAM 
SET NOSIZE=23 

TYPE
MASSES(NOSIZE),CONCENTRATION,CONCENTRATION,ACTIVITY,ACTIVITY 

MODEL FEEDZONE
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SET

NOSIZE=23
PI=3.141592654
KV=0.523598775

TYPE

V _IN ,V _O U T AS VOLUME
R _CO L_IN ,R _SO L_IN ,
R _CO L_O U T,R _SO L_O U T AS CONCENTRATION
E_CO L_IN ,E_SO L_IN ,
E_C O L_O U T,E_SO L_O U T AS ACTIVITY
NUM,N_OUT AS ARRAY(NOSIZE) OF NUMBERS
MASS,MASS_OUT,NM_OUT AS ARRAY(NOSIZE) OF MASSES 
D AS ARRAY(NOSIZE) OF SIZES
DM,DMS,SIG AS SIZES
AA AS NOTYPE

STREAM

INPUT R _C O L _IN ,R _SO L _IN ,E _C O L _IN ,E _SO L _IN
OUTPUT N M _O U T,R_C O L_O U T,R _SO L_O U T,E_CO L_O U T,E_SO L_O U T

EQUATION

# VOLUME BALANCE #

V _O U T=V _IN ;

# MASS AND ACTIVITY BALANCES #

R _SO L_O U T*V _O U T=R _SO L_IN *V _IN ;
R _C O L_O U T*V _O U T=R _C O L_IN *V _IN ;
E _SO L_O U T*V _O U T=E_SO L_IN *V _IN ;
E _C O L_O U T * V O U T = E_CO L_IN * V_IN;

# DM EMPIRICAL CORRELATION #

DMS=DM-AA;

# LOG-NORMAL DISTRIBUTION #

NUM = (1/(LO G (SIG )*(2*PI)’0.5))*EX P(-(LO G (D)-LOG (D M S))’2 
/(2«(LO G (SIG ))’2));

N_OUT=NUM/SIGM A(NUM );

# MASS DISTRIBUTION #

MASS = 1.0E-9*(1100+(56*D’(-0 .635)))*K V (D ’3)*N_OUT*V_IN;
M A SS_O U T=M A SS'R_CO L_O U T'V _O U T/SIG M A (M A SS);
NM _OUT=M ASS_OUT/SIGM A(M ASS_OUT);

FLOWSHEET
FEED IS INPUT OF SHEAR TYPE MAINSTREAM

OUTPUT OF SHEAR IS PRODUCT TYPE SHEARSTREAM

UNIT SHEAR IS A FEEDZONE

OPERATION
SET
WITHIN SHEAR

DM = 1.869
SIG = 1.365
AA=1.455
V_IN=41.25
R _CO L_IN =25.41
E COL IN=240.23
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R_SO L_IN =4.63
E_SO L_IN =21.96

D =<0.1 ,0.126,0.159,0.2,0.252,0.317,0.40,0.504,0.635,0.80,1.008,1-270, 
1.600,2.016,2.540,3.20,4.032,5.080,6.40,8.063,10.160,12.80,16.127>
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Nomenclature

A Constant, equations (1.3), (3.31) and (6.64)

Ag Feedzone Breakage Rate Constant, (m^ s'^)

a Constant, equations (1.10), (5.1) and (6.1)

3i(2 Collision Diameter, (A)

B Constant, equations (1.3), (3.31) and (6.4)

Bg Birth Rate, (no. h'^)

bj Ionie Radius, (A)

bL Width of Spacer Ribs, (m)

C Constant, equations (3.32) and (6,4)

Cg Salt Concentration, (% sat.)

Cg Camp Number, (-)

Cy Volume Concentration of Solids in Suspension, (-)

D Constant, equations (3.32) and (6.4)

Dj^ Dielectric Constant of medium, (-)

Df Diffusivity, (m^ s'^)

Dr Death Rate, (no. h'^)

Djyj Dilution Factor, (-)

D| Impeller Diameter, (m)

d Particle Diameter, (pm)

d 2  Diameter of Protein Molecule, (cm)

d^ Peak Amplitude of Vibration, (m)

d^  Geometric Mean Size, (pm)

dg Critical Particle Diameter, (pm)

E Enzyme Activity, (U mL'^)

Eg Constant, equation (6.4)

E j  Centrifuge Mass Yield, (-)

F Fraction of Total Protein Remaining Soluble, (-)

Fp Effective Force Operating on a Particle in a Centrifugal Field, (N)

F 2 Resistance of the Continuous Phase, (N)

^RNA Fraction of RNA Remaining Soluble, (-)

f Function, (-)

fp Protein Self-Interaction Coefficient, (-)

fy Frequency, (Hz)

fL Centrifuge Equivalent Settling Area Correction Factor, (-)

G Average Shear Rate, (s*^)

Gr Growth Rate, (h'^)

g Function, (-)
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gg Acceleration Due to Gravity, (9.81 ms'^)

h Particle Separation Distance, (m)

hg Disc Spacing, (m)

I Ionic Strength, (kmol m'^)

K Rate Constant, (-)

Kg Boltzmanns Constant, (1.380 x 10'^^ J K'^)

Kj) Breakage Rate Constant, (pm '^ h"^)

Ky Particle Shape Factor, (-)

K\y Correction Factor for Hindered Settling, (-)

Kp Constant, equations (1.36) and (1.37)

Rate Constant, equation (1.18), (m^ s’ )̂

Kg Slope of Overall Salting-Out Curve, (% sat.'^)

k Constant, equation (4.64)

m Constant, equations (1.7) and (3.1)

Mass of the Equivalent Volume of Continuous Phase that a Particle 

Displaces, (kg) 

mj Discretized Particle Mass, (mg mL'^)

m̂ .j Corrected Discretized Paticle Mass, (mg mL"^)

mj j th Moment, (pm^ L*^)

N Particle Number Concentration, (no. pL"^)

N^y Avogadros Number, (6.02 x 10^^ mol'^)

Nj Impeller Speed, (rpm)

NGF Number of Newly Generated Floes, (-)

Np Number of Passes, (-)

n Constant, equations (3.19) and (4.24)

P Homogeniser Operating Pressure, (Kgf cm'^)

PF Purification Factor, (-)

Py^ Acoustic Power Input Per Unit Volume, (W m'^)

0  Volumetric Flowrate, (m^ s'^)

q Single Passage Throughput, (m^ s'^)

qg Specific Throughput Capacity, (L m'^ h'^)

R Total Protein Concentration, (mg mL'^)

Rq Universal Gas Constant, (8.31 x 10^ J Kg'^ moT^ K'^)

Re Reynolds Number, (-)

Ro Rossby Number, (-)

Rq Outer Disc Radius, (m)

Rj Inner Disc Radius, (m)

R j Disc Photosedimentometer Detector Radius, (m)

Rj Disc Photosedimentometer Injection Radius, (m)
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Rp Fraction of Total Protein or Enzyme Release, (-)

r Radial Position of Particle, (m)

S Protein Solubility, (mg mL'^)

Sq Protein Solubility at Zero Ionic Strength, (mg mL'^)

T Temperature, (“C)

T(d) Grade Efficiency, (-)

Tj^ Motor Torque, (N m)

t Time, (s)

Y Volume, (L)

V 2  Partial Specific Volume of Solute, (cm^ g‘ )̂

Vj Inverse Specific Density of Water or Solvent, (cm^ g'^)

Vg Final Volume of Cuvette, (mL)

Vg Sample Volume Added to Cuvette, (mL)

Vp Particle Velocity, (m s'^)

V(h) Meridian Fluid Velocity, (m s'^)

W Stability Ratio, (-)

X Constant, equation (1.10)

X  State or Dynamic Variables, (-)

X The derivative of State or Dynamic Variables, (-)

y Algebraic Varaibles, (-)

Y Yield, (-)

Z Number of Discs, (-)

Z l Number of Spacer Ribs, (-)

Greek Symbols

a Constant, equations (1.7) and (3.1)

ttj. Collision Effectiveness Factor, (-)

Pj j Aggregation Kernel, (pL h'^)

Po Size-Independant Part of Aggregation Kernel, (pL h'^)

P Constant, equations (1.4) and (1.43)

Y Constant, equation (1.34)

Ap Solid-Liquid Density Difference, (Kg m*^)

AA Change in Absorbance, (-)

At Change in Time, (s)

AF Representation for Particle Size Distributions, (-)

0 | Hydration of Protein, (g g'^)

€ Energy Dissipation per Unit Mass of Fluid, (W kg‘ )̂

€ 3 4 0  Extinction Coefficient at 340 nm, (-)
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n
0

k

Xp

n

p

Pl

Pa

S

o

<̂ D

O p

T

U

<t>2

4 > v

4>(h)

Q

(Ù

Kolomogorov Turbulence Microscale, (m)

Disc Conical Half-Angle, (rads)

Dimensionless Number, equation (1.63)

Repulsive Forces Between Molecules, (N)

Suspension Dynamic Viscosity, (N s m"^)

Ionic Dipole Moment, (e.s.u.)

Chemical Potential of Protein, (J mol'^)

Standard Chemical Potential of Protein, (J mol'^)

Suspension Density, (Kg m'^)

Liquid Phase Density, (Kg m'^)

Aggregate Phase Density (Kg m'^)

Area of a Simple Gravity Settling Tank of Equivalent Sedimentation 

Characteristics to that of the Centrifuge, (m^)

Geometric Standard Deviation, (pm)

Induced Dipole, (e.s.u.)

Particle Geometric Factor, (-)

Residence Time, (s)

Kinematic Viscosity, (m^ s"^)

Volume Fraction of Protein in the Liquid Phase at Equilibrium with the 

Solid or Precipitate Phase, (-)

Volume Fraction of Particles, (-)

Potential Energy of Interaction Between two Particles, (J)

Relative Surface Hydrophobicity, (-)

Centrifuge Angular Velocity, (rad s'^)

Subscripts

i Inlet

o Outlet

R Total Protein

E Enzyme

PPT Precipitant

Agg Aggregation

Break Breakage

Batch Batch

s Sheared

f Feed

sup Supernatant

sed Sediment
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Superscipts

ppt Precipitate Phase

sol Soluble Phase

OC Occluded Fraction

NC Non-Recovered Fraction
* Equilibrium Condition
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