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ABSTRACT

The definition of a microfiltration operation for the recovery of protein products from
complex biological feedstocks requires an understanding of a large number of operating variables
including the permeate flux rate and transmission characteristics of the membrane. This thesis
examines the use of computer-based simulation techniques, accompanied with experimental
studies, for the rapid design and evaluation of crossflow microfiltration systems for use in the
bioprocess industries.

The thesis sets out to test the hypothesis that single laboratory tests of permeate flux rate
and transmission, accompanied by selected laboratory-scale characterisations, may be used to
define the operating characteristics of a membrane separation process and hence allow the
evaluation of the effect of a range of operating variables including the recirculation rate and the
concentration factor on process performance. The results of single microfiltration experiments
have been used to establish a relationship between the rejection of soluble species as a function of
their molecular weight and the membrane operating conditions. Verification trials have been
conducted to test the accuracy of the model predictions.

Microfiltration experiments have also been conducted on biological systems including
polyethleneimine flocculated yeast homogenate and Escherichia coli cell lysate. The results of

| experiments indicate that the use of physical property characterisations as a generic basis for the
prediction of membrane performance is limited by the highly specific nature of biological feed-
streams and their interaction with the membrane.

Simulations studies were conducted on a 3-stage filtration process for the recovery of
alcohol dehydrogenase from yeast homogenate. The studies assessed the impact of the
recirculation rate, the membrane module length, the starting cell concentration and diafiltration
volumes on the product yield and product purity. The benefits of simulation were further
illustrated through a realistic case study where the objective was to specify the design and
operating conditions for a membrane separation process leading to the lowest overall cost for a
fermentation-based product manufactured to a specified level.

The work highlighted the high degree of specific interactions between membranes and
typical bioprocess feed-streams making statistical modelling approaches most appropriate for
describing membrane filtration. The importance of simulation as an efficient tool to aid process

development work was also illustrated.
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1 INTRODUCTION

Membrane filtration has been used in the bioprocess industries for a range of applications
including media sterilisation, cell harvesting, removal of cellular debris and protein concentration.
The success of such operations depends on a range of factors including the membrane material
characteristics, the membrane configuration and the operating regimes selected. The development
of effective and economical bioseparation processes often requires the bioprocess engineer to
make rational decisions based on limited information. This thesis examines the use of computer-
based simulation techniques, accompanied with experimental studies, for the systematic design
and evaluation of crossflow microfiltration systems for use in the bioprocess industries. It
explores the hypothesis that single laboratory tests of flux and transmission may be used to define
the operating characteristics of a membrane separation process. Such a capacity has significant
potential for reducing the time taken to investigate such separations making for accelerated

process development.

1.1 Downstrean processing of biological materials

Downstream processing of biological materials is defined as the recovery of a protein
product from source to a desired purity, quantity and biological activity (Varga, 1997). The
purification of biological materials from microbial fermentations usually involves biomass
removal, product recovery, product concentration and product purification (Kelly et al, 1991).
The goal of downstream processing is to attain high product purity and high yields but at
minimum cost. However, the purification protocol is complicated by low product concentrations
and the presence of contaminating species such as lipids, nucleic acids and colloidal material. The
choice of recovery methods will depend on the physical, chemical and biological properties of the
bioprocess feed-stream including particle size distributions and rheological properties and the
properties of the protein product including the product molecular weight, solubility characteristics
and sensitivity to pH, heat and shear. Extensive reviews of downstream operations for protein
production are available in the literature (Atkinson et al., 1987, Belter et al., 1988, Ogez et al.,
1989, Liddell, 1994). In following three sections, the most common steps for product recovery

and purification are presented.
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1.1.1 Biomass removal and cell disruption

The production of therapeutic and diagnostic protein products using cloning technology
is often performed in large scale fermentation vessels. The fermented broth contains the host
organism and the protein of interest may be present in the extracellular medium, inside the cells or
in the periplasmic compartment of the cells. Biomass removal and/or the recovery of extracellular
protein products from microbial fermentations can be achieved using crossflow membrane
filtration (Gabler, 1985) or centrifugation (Axelsson, 1985). Crossflow membrane filtration is
often performed using flat sheet and tubular modules. A number of different centrifugation
configurations are available including tubular bowl, multichamber, disk stack and decanter
centrifuges.

If the protein of interest is not secreted, physical or chemical methods of cell disruption
are employed to release the protein product (Engler, 1985). Physical disruption of cells is often
achieved using a high pressure homogeniser. Chemical disruption of cells include osmotic shock,
detergent addition, alkali treatment or enzymatic methods (Kelly et al., 1991). The resulting
mixture contains cell debris and other contaminating intracellular species which often complicate
subsequent product recovery operations.

The recovery of intracellular protein products from cell wall fragments can be
accomplished using crossflow membrane filtration or centrifugation (Varga, 1997). This
operation is more complicated than biomass removal and/or extracellular product recovery. The
release of intracellular components increases the viscosity and density of the liquid phase
(Mosqueira et al., 1981). There is also an accompanying reduction in the particle size distribution
during cell disruption (Shamlou et al., 1995). Both conditions reduce the efficiency of typical
downstream operations and a balance between cell disruption conditions and the subsequent ease

of debris removal is important and has been demonstrated by Zhou et al. (1997).

1.1.2  Product concentration
The processing of large liquid volumes often has adverse economic effects on
bioprocesses (Datar, 1986). Since products are often present in very dilute concentrations, the

recovered volume after biomass removal and/or cell disruption is large and membrane
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ultrafiltration may be used to reduce the product volume prior to further processing. This has the
additional benefit of achieving some degree of polishing by removing low molecular weight
components from the product concentrate. Membrane ultrafiltration is also used for buffer
exchange to provide a stable product environment (Tutunjian, 1985) and/or facilitate the use of

subsequent purification steps such as ion exchange.

1.1.3  Product purification

Initial purification steps may involve fractionation by ultrafiltration, flocculation of
certain feed components such as lipids, nucleic acids and colloidal material or precipitation of the
protein product by addition of inorganic salts or organic solvents. These steps remove broad
classes of contaminating species (Ersson et al., 1990). The basis of fractionation by
ultrafiltration is the removal of contaminating species on either side of the molecular weight of the
protein of interest. Selective flocculation of certain feed components will reduce the amount of
contaminating soluble components. However, altering the composition of the bioprocess feed-
stream with respect to solids volume fraction and chemical constituents may have adverse effects
on recovery operations. Milburn et al. (1990) used polyethyleneimine (PEI) to selectively
flocculate lipids, nucleic acids and colloidal proteins from a yeast homogenate process stream but
concluded that the processing of flocculated material at high concentrations would be inefficient
because of the high solids content. Hall (1996) filtered the supernatant of PEI treated yeast
homogenate and observed higher fouling characteristics probably due to the interaction of excess
PEI with the polymeric membrane. Precipitation techniques utilise the differences in protein
solubility behaviour as a basis for separation. An extensive review of various precipitation
methods is given by Scopes (1988).

High resolution techniques are used to attain acceptable protein purification levels.
Chromatographic methods are employed for the final polishing steps which often involve
reversible adsorption of the protein of interest to an immobihised ligand attached to an insoluble
matrix. Various types of chromatography are possible including ion exchange chromatography,
hydrophobic interaction chromatography (HIC), affinity chromatography and high performance

liquid chromatography (HPLC). Purification factors for chromatographic processes are generally
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very high. Gel filtration methods may be employed to obtain very pure products in an essentially
monomeric form. Electrophoresis may also be applied as a high resolution technique. The
operation is based on the acceleration of charged proteins in an electric field and separation is
achieved as a result of proteins having different net charges (Stryer, 1995). However, the use of
electrophoresis is limited to small scale operations due to scale-up difficulties as a result of
product heating (Liddell, 1994).

Finishing operations are conducted to stabilise the product and preserve activity.
Crystallisation is often used when a dry product is required. Crystallisation involves the
formation of solid particles of protein of defined shape and size in a supersaturated solution
(Jacobsen, 1998). Filtration or centrifugation operations may be used to recover the solid protein
crystals followed by a drying stage. Several drying processes are possible including spray drying,
freeze drying, fluid bed drying and vacuum drying (Liddell, 1994). Where the final product is
required in liquid form, filtration operations may be used to concentrate the product in the liquid
phase and exchange buffer to stabilise the product. Product sterility is also achieved during

filtration operations.

1.2 Accelerated design of bioprocesses

Developments in the area of bioscience have resulted in new opportunities in medicine,
nutrition, agriculture and the environment (Dunnill, 1994). In recent years, the growth of
biotechnology companies exploiting these new discoveries has been rapid. To achieve commercial
scale and regulatory approval as quickly as possible so as to maximise returns on research and
development work, the design of efficient and economic bioprocesses using limited information is
critical. The research group at UCL has adopted two approaches to speed up bioprocess
development. The first approach uses scale-down systems to mimic large scale operations and
allow better prediction of bioprocess performance (Maybury, 1998). Scale-down systems are
important during initial process development because the limited availability of research material
often constrains the researcher to using small laboratory processes. However, product
development and characterisation at the bench-scale could lead to sub-optimal processes at full-

scale if scale-down studies are not conducted properly. The second approach uses computer-
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based simulation techniques to develop downstream processing routes for biological products. In
the development of a bioprocess simulator, the research group use information and data to
develop models which describe individual unit operations and processes, which are solved using

numerical techniques and simulation tools (Gritis et al., 1989).

1.2.1 Bioprocess simulation

Computer-assisted process modelling is a representation of the physical, chemical and
biological phenomena occurring in unit operations by mathematical expressions and equations.
Process flowsheet simulation is the calculation of material and energy balances for a particular
process via a linked series of unit operation models which are solved using numerical methods to
yield performance data for whole processes (Bhattacharya, 1993). The benefits of process
simulation are numerous and include reducing process development time, reducing manufacturing
costs through improved resource utilisation, quicker evaluation of alternative processing schemes
and compliance with environmental and regulatory standards (Evans et al., 1989, Petrides et al.,
1989, Bhattacharya, 1993, Narodoslawsky et al., 1993). Process simulation has been used for the
improvement of chemical processes for several years. However, its use in the bioprocess
industries has been restricted for a variety of reasons. These include a general lack of physical
property data of biological systems, poorly understood unit operations, a high degree of process
interactions between upstream and downstream operations and the heavy employment of batch
and/or semi-continuous processes (Cooney et al., 1988, Clarkson, 1994).

The model equations within a process simulator are solved using two main techniques.
The sequential-modular approach solves unit operation models sequentially, with the calculation
sequence mirroring the flow of material in the actual process (Biegler, 1989). The modular
structure allows alteration of unit operation models with minimum change to the process
flowsheet. However, incorporation of recycle streams and optimisation calculations are difficult
to perform on such simulators. Equation-oriented simulators lump all unit operation equations
and solve them simultaneously. Thus, flowsheets containing recycle streams and optimisation
routines are performed readily. However, equation-oriented simulators are limited by the

capabilities of the equation solver (Biegler, 1989). Most commercial steady-state simulators such

19



as ASPEN (Evans et al., 1979), PROCESS (Biegler, 1989) and DESIGN-II (Biegler, 1989)
utilise the sequential-modular approach and can only describe processes at steady-state
conditions. Dynamic simulators such as SPEEDUP (Sargent et al., 1964), QUASILIN (Smith ez
al., 1988) and gPROMS (Pantelides et al., 1993) employ the equation-oriented approach. Such
simulators can describe the transient behaviour encountered in batch and semi-batch operations.
Varga (1997) gives an extensive review of existing process simulators, the pros and cons of
sequential-modular and equation-oriented simulators and their application to bioprocesses.

In the development of a bioprocess simulator, two alternative routes have been proposed
(Gritis et al., 1989). The first approach is to adapt and modify an existing chemical process
simulator by including new unit operation models and specific physical property data. Cooney et
al. (1988) used this approach to develop BioProcess Simulator (BPS, AspenTech Ltd.,
Massachusetts, U.S.A.), by adapting the chemical process simulator ASPEN-Plus (AspenTech
Ltd., Massachusetts, U.S.A.). The resulting package was unsuitable for dealing with many
bioprocesses because it retained several chemical engineering characteristics. These included
maintaining a sequential-modular structure which was unsuitable for dealing with batch
processes, limited predictive capability of unit operation models and physical property prediction
not applicable to bioprocesses. The second approach has been adopted by the research group at
UCL and involves the development of mathematical models for common downstream unit
operations using research data. The models are solved using simulation tools. Existing simulators
suitable for this approach include SPEEDUP (AspenTech Ltd., Massachusetts, U.S.A.) and
gPROMS (Imperial College, London, U.K.).

Most publications of bioprocess simulation have focused on the use of BPS applied to
conventional bioprocesses where the technology is similar to that employed in chemical processes.
Cooney et al. (1989) used BPS to simulate the recovery of Penicillin G from a fermentation broth
using a single centrifugal extractor. They examined the impact of penicillin concentration in the
fermentation broth on the cost of recovery and also the effect of using an alternative solvent for
extraction. They also examined the merits of using a second counter-current extractor and whole
broth extraction versus filtered broth extraction. Petrides et al. (1989) simulated the

manufacturing of porcine growth hormone (pGH) from recombinant Escherichia coli using BPS.
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Their main focus was on the conceptual design and economics of the downstream recovery
process. pGH is an intracellular product in the form of inclusion bodies, and the process
flowsheet included cell disruption, solubilisation of inclusion bodies, and protein refolding. The
performance characteristics of each unit operation was drawn from laboratory and pilot plant
data. The output from the simulation gave final product purity and quantity. These results were
then used to examine the economic feasibility of the process. Petrides (1994) also used
BioDesigner (Intelligen Inc., New Jersey, U.S.A.), similar to BPS in its architecture, to simulate
the production of beta-galactosidase from Escherichia coli. Beta-galactosidase is an intracellular
product, and the focus of the simulation was on the recovery and economic feasibility of the
proposed processing route. An additional feature, production scheduling, was included. Using the
second approach, Zhou et al. (1997) used simulations to explore the nature and impact of
interactions that exist in a typical bioprocess for the recovery of an intracellular protein. The
work was done using LABVIEW (National Instruments, U.S.A.). The trade-offs between product
recovery and the extent of cell debris removal for a range of operating conditions were
represented through a series of windows of operation (Woodley and Titchener-Hooker, 1996).
Clarkson (1994) used SPEEDUP (AspenTech Ltd., Massachusetts, U.S.A.), to model and
experimentally verify centrifugation and precipitation operations for the recovery of alcohol
dehydrogenase from yeast homogenate. Varga (1997) extended the models to a recombinant yeast
strain and simulated centrifugation and precipitation operations using MATLAB (The
MathWorks Inc, Massachusetts, U.S.A.). Siddiqi et al. (1991) identified and modelled the
process interactions between a high pressure homogeniser and the subsequent centrifugation step
for cell debris removal in a typical downstream process for the recovery of an intracellular
product. Bogle et al. (1993) simulated the production and recovery of porcine somatotropin
inclusion bodies from Escherichia coli. Lu et al. (1994) used gPROMS (Imperial College,
London, U.K.) to simulate typical downstream operations for the production of intracellular
enzymes. Samsalti and Shah (1996) presented a two stage approach to dynamically optimise the
operation and scheduling of a typical intracellular enzyme recovery process.

The implementation of simulation techniques to the bioprocess industries will allow rapid

and systematic development and evaluation of possible bioprocess flowsheets. The added
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advantage of using computer technology to produce optimal downstream bioprocessing routes is
the possibility of continuous process monitoring, on-line measurements and automatic control
which improve productivity, process control, safety and validation issues and lower operating
costs (Varga, 1997). In the following section, the application of microfiltration in the bioprocess

industries is presented and a review of the most common modelling techniques.

1.3 Microfiltration and its application in bioprocesses

Solid-liquid separations using microfiltration are achieved via a selective permeable
membrane barrier in the presence of a pressure driven force. The basis for separation is the
physical size of the molecules and particles being processed. In the bioprocess industries,
microfiltration is suitable for cell broth harvesting, cell washing to remove extracellular products
or contaminants as well as cell debris removal and product recovery. Microfiltration provides an
attractive means of achieving solid-liquid separations because it provides high levels of separation
in contained and sterile environments. Separation performance is affected by the chemical and
physical interactions between the materials passing through the membrane and the membrane
itself, and their interaction with the solvent (Le et al., 1985). The permeation rate through the
membrane and the rejection of soluble products and contaminants provide the key performance
variables describing microfiltration. The interaction between process feed components and the
membrane leading to fouling and the effect of key process parameters such as the recirculation
rate and the concentration of suspended species often have a significant effect on the performance

of microfiltration. These will be discussed in more depth in the next section.

1.3.1 Factors affecting microfiltration performance
In this section, the key process parameters that influence the dynamics of membrane

systems during filtration are considered.

1.3.1.1 Transmembrane pressure
The definition of microfiltration implies that increasing the pressure should be beneficial

with respect to permeate flux rates. This is true at low transmembrane pressures until a critical
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pressure is reached. The critical pressure is the transmembrane pressure at which further
increases in the pressure result in a much reduced rate of increase of the permeate flux rate, no
further increases in the permeate flux rate or a reduction in the permeate flux rate. The value of
the critical pressure is a function of the recirculation rate, the pore size and the cell concentration
(Howell et al., 1991). Typical values for biological systems range from 40 to 100 kPa. Beyond
the critical pressure, the effect of increasing the transmembrane pressure is offset by increases in
the degree of fouling. Ofsthun et al. (1987) showed that the thickness of the cell layer adjacent to
the membrane surface increased with increasing pressure. Several workers (Reismeier et al.,
1987, Attia et al., 1991, Haarstrick et al., 1991, Field et al., 1995) have demonstrated that the
transmembrane pressure at start-up of a membrane process has a significant effect on the long
term performance. They showed that increasing the transmembrane pressure increased the initial
permeate flux rate but flux decline was more rapid due to the formation of more compact cakes

resulting in lower quasi steady-state permeate flux rates.

1.3.1.2 Recirculation rate

Increasing the recirculation rate reduces the degree of concentration polarisation of
retained species on the membrane surface. This in turn promotes permeate flux rates, and several
workers have demonstrated the above hypothesis (Le et al., 1985, Patel et al., 1987, Forman et
al., 1989). The flux increases proportionally to the recirculation rate raised to a power. The
recirculation rate exponent varies from 0.4 to 1.1 in the literature. There appears to be no upper
limit for the recirculation rate across membranes but three factors will often limit this. The first
results from the increased pumping costs which will result in an economic upper limit. The
second is an operational problem involving pressure drops. Higher recirculation rates are
accompanied by higher pressure drops across the membrane module. Thus, increases in the
recirculation rate will result in increased fouling rates due to increases in the pressure driving
force, reversing the benefits of higher recirculation rates. Gabler et al. (1985) and Datar (1984)
found there was an upper limit of recirculation rate above which there was no improvement in

membrane performance. The third factor is important with regard to the processing of biological
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materials which are sensitive to shear damage. The stresses imposed on such materials as a result

of the velocity flow field may limit the upper value of the recirculation rate.

1.3.1.3 Viscosity

Viscosity changes will occur as a result of changes to cell broth concentration and the
temperature of the broth. Increases in the cell broth concentration will lead to higher viscosities
resulting in a decrease in permeate flux rates. Increases in temperature have the reverse effect by

decreasing the viscosity of the broth.

1.3.1.4 Surface chemistry effects

Several workers (Kroner et al., 1984, Fane et al., 1987, Van der Berg et al., 1988,
Lokjine et al., 1992) recommend the use of hydrophilic membranes to reduce protein adsorption.
Pre-treatment methods may be used to alter the membrane surface chemistry, but such methods
may lead to a loss in membrane performance. The chemical environment can also influence the
flux and transmission properties of the membrane separation process. Le et al. (1985) found that
the ionic strength and the pH affected the permeate flux rate and the level of enzyme transmission
when filtering whole cells. Bowen et al. (1992) found that the quantity of enzyme adsorbed to the

membrane increased as the solution pH approached the isoelectric point of the enzyme.

1.3.1.5 Particle size and pore size

The effect of particle size and pore size is poorly understood. The particle size to the
membrane pore size ratio will determine the predominant nature of filtration, i.e. screen filtration
for small membrane pore sizes and depth filtration for small particle sizes. Kawakatsu et al.
(1993) concluded that during the filtration of compressible particles, steady-state permeate flux
rates reached a minimum when the particle-to-pore size ratio was equivalent to 10. This
observation is not consistent with other studies conducted on compressible systems. Several
researchers have investigated the recovery of protein products from microbial broths using
microfiltration membranes since a large membrane pore size should confer the free passage of

macromolecules and achieve high permeate flux rates at low transmembrane pressures. In reality,
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microfiltration membranes are rapidly fouled by proteins and solid material until permeate flux
rates are equal to or even worse than those for ultrafiltration membranes. McDonogh et al.
(1992) filtered solutions containing proteins and proteins with cells using microporous
membranes with pore sizes ranging from 0.01 pum to 1.0 um and found that the differences in
operating behaviour in the long term were not so great across the range of membranes. Patel et al.
(1987) investigated the feasibility of harvesting yeast cells using synthetic microfilters and an
ultrafilter and found that the permeate flux rate of the ultrafilter was comparable to or better than
that of the microfilters. Stratton et al. (1994) studied the effect of membrane pore size on the
crossflow microfiltration of Escherichia coli whole cells and Saccharomyces cerevisiae whole
cells and concluded that ultrafiltration membranes were better suited for harvesting Escherichia
coli cells, while microporous membranes were better suited for Saccharomyces cerevisiae cells.
Le et al. (1985) observed better permeate flux rates when filtering whole cells through 0.45 pm
pores than for either 0.2 wm pores or 0.6 pm pores. Bailey et al. (1997) studied the effect of
viscosity and particle size on the processing of recombinant Escherichia coli cell lysates using
crossflow microfiltration. Their results showed no significant effect of the particle size on
membrane performance.

The performance of microfiltration membranes used for bioprocess recovery operations
tends to be highly system specific. In the next section, design considerations that need to be

addressed when using membranes for bioprocessing will be presented.

1.3.2 Membrane design considerations for bioprocessing

The success of membrane separation processes used for bioprocessing will depend on the
membrane material characteristics, the membrane module design and the influence of process
parameters on separation performance (Hilderbrant, 1993). This section considers design factors
critical for improved separation performance and compatibility when processing biological

products.
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1.3.2.1 Membrane type

New polymeric microfiltration membranes and inorganic microfiltration membranes are
available that can operate in harsh environments including extremes of pH and temperature.
Biological feeds are often complex in nature and highly fouling. As a direct consequence, the
manufacture of bioproducts usually involves the repeated cleaning of membranes. Cleaning
procedures often subject the membrane to very harsh environments including hot aqueous sodium
hydroxide, inorganic acids such as sodium hypochlorite and hydrogen peroxide, various
detergents, enzymes and even high sterilisation temperatures. Most polymeric membranes used in
bioprocessing including polysulphone, polyethersulphone, polyvinylidene diflouride, cellulose
acetate, polyamide, polyolefin and polyacrylonitrile have limited chemical tolerance and pH
compatibility (Hilderbrant, 1993). Inorganic membranes, however, exhibit physical and chemical
properties that are highly compatible with bioprocessing. They can operate at very high
temperatures, have better structural stability and can withstand very harsh chemical environments

(Mikulasek er al., 1994). They are not subject to microbial attack.

1.3.2.2 Membrane configuration

Commercial membranes for bioprocessing are supplied in four main configurations
including hollow fibre, tubular, flat plate and spiral wound configurations. Hollow fibre
membranes are bundles of small tubular membranes of internal diameter ranging from 0.2 to a
few mm sealed in a tube. Feed flow is down the centre of the each fibre and the permeate is
collected in the exterior of the fibres. The advantages of using hollow fibres include large
membrane area per unit volume of retentate and operation in turbulent flow. Devereux et al.
(1986) used PM50 hollow fibre ultrafiltration membranes to recover protein precipitates from
clarified soya protein extracts. Other workers (Tutunjian, 1983, Le et al., 1985, Warren et al.,
1991) used hollow fibre membranes to concentrate whole cell suspensions of Saccharomyces
cerevisiae and Escherichia coli. However, the narrow capillaries are often blocked by particulate
material and hollow fibre membranes tend to be unsuitable for processing streams containing a
high proportion of solid material. Tubular membranes, in comparison to hollow fibre membranes,

have internal diameters of ~ 5 - 25 mm. Often the membrane is cast on the inside of a porous
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cylindrical support housed in a stainless steel pipe (Hall, 1996). They are widely used in
bioprocessing because they can operate in turbulent regimes without blockage by particulate
species (Baker et al., 1985, Patel et al., 1987, Redkar et al., 1993, Piron et al., 1995, Field et al.,
1995). They are also very easily cleaned. However, a low membrane area per unit volume of
retentate and high hold-up volumes make tubular membranes expensive and bulky to handle. Flat
sheet membranes used in process operations are either supplied as flat plate or spiral wound
membranes. Flat plate membranes consist of sheets of membranes stacked in parallel with
spacers separating the membranes. The spacers contain either the flow channels for the retentate
stream or the permeate stream. Flat plate membranes are suitable for processing streams
containing a high level of particulate material (Le er al., 1984 & 1985, Patel et al., 1987, Taddei
et al., 1990, Stratton et al., 1994, Foley et al., 1995). They are also easy to scale-up because of
their modular construction. Spiral wound membranes are of similar construction to flat plate
membranes except that the membrane and spacers are rolled around a perforated tube resulting in
a cylindrical module. The feed enters one end of the module, and the permeate collects at the
centre of the tube. Prddanos er al. (1995) used polysuphone spiral wound membranes to
determine the permeate flux rate and retention characteristics of model protein solutions during
crossflow ultrafiltration. Porter (1972) and Gabler (1983) also used spiral wound membranes for
ultrafiltration experiments conducted on plasma and Streptomyces bacteria respectively.
Although spiral wound membranes have a large membrane area per unit volume of filtrate, they
are prone to blockage by streams containing particulates. They are also difficult to clean.
Currently, crossflow devices employing flat sheets are commonplace in the bioprocess
industries. However, tubular devices, which are prevalent in food and beverage applications, are

increasingly being used.

1.3.2.3 Membrane pore size

Most bioprocess operations require the absolute retention of submicron particles with
concomitant passage of soluble macromolecules. A tight pore size distribution is important for
achieving complete retention of suspended species. Brown et al. (1987) observed a reduction in

membrane performance with increases in the spread of the pore size distribution. They attributed
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the loss in performance to increased pore plugging as a result of the overlap between the pore size
and particle size distributions. Developments in polymer technology have enabled the production
of membranes with narrow pore size distributions, but it is generally accepted that ceramic
membranes have tighter distributions than their polymeric counterparts (Glimenius, 1985).

The development of new membrane compositions for bioprocessing is fuelled by the need
for more durable membranes with low protein binding tendencies leading to increased processing
rates and an extended usable membrane life. In the next section, a review of the most common

approaches to modelling of membrane separation processes is presented.

1.3.3 Microfiltration models

Most microfiltration models have their origins in ultrafiltration theory (Fischer, 1996).
Some workers (Bowen et al., 1996, Song et al., 1995) have used fundamental approaches to
model microfiltration. These approaches often make assumptions such as spherical and non-
interacting particles and often require detailed knowledge of the thermodynamic properties of the
system, which are difficult to measure. In reality, a description of typical biological systems using
fundamental thermodynamics is difficult and often invalid in many practical applications.

Most modelling of filtration is based on the concentration polarisation model or the
resistance model and these will now be considered. Models describing the time dependent nature
of filtration, the sieving mechanism of filtration and mass transfer in membrane modules will also

be considered.

1.3.3.1 Concentration polarisation model

The concentration polarisation model assumes a thin boundary layer of retained solutes
and/or solids between the bulk solution and the membrane surface which limits membrane
permeability. At steady-state, the permeate flux rate and the boundary layer thickness remain
constant with time. Thus, the convection of retained species towards the membrane surface by the
filtrate flux is balanced by the back diffusive transport away from the membrane surface as a
result of the concentration gradient. Polarisation will always occur when the membrane is

selective to certain feed components.
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Porter (1972) outlined the theory of polarisation during the ultrafiltration of protein
solutions. The gel layer concentration of protein, the concentration at which there is no further
increase in protein concentration in the boundary layer, was estimated from a linear plot of the
permeate flux rate and the log (protein concentration) as the x-axis intercept. Different workers
have obtained different values for the protein gel concentration ranging from ~ 20-30 wt %. The
polarisation model is extended to microfiltration by estimating the diffusivity of suspended
particles and macromolecules. This can be done using the Stokes-Einstein relationship (Porter,
1972) or empirical correlations. However, the standard polarisation model is inadequate for
modelling filtration of suspensions containing deformable solids such as those found in
bioprocesses. The maximum packing concentration of rigid spheres can be calculated from the
geometry of close packed structures. However, as biological suspensions are often constituted of
deformable particles, the maximum packing structure becomes a function of the operating
pressure. The second problem arises from the under-prediction of the back diffusive transport of
suspended species into the velocity flow field using the Stokes-Einstein equation. Several possible
theories have been proposed to explain the discrepancy between the predictions and the observed
permeate flux rates. Most of the proposed theories fall into two main categories, inertial lift and
shear induced diffusion theories, which account for increased back transport of particles from the
membrane surface.

Inertial lift theories estimate the hydrodynamic forces acting on an individual particle in a
shear field. Segré et al. (1962) found that neutrally buoyant spheres in Poiseuille flow migrated
away from the walls of the tube in which they were flowing. They called this effect the tubular
pinch effect, and produced an empirical formula to correlate their results. Several workers
(Forstrom et al., 1974, Green et al., 1980, Altena et al., 1983) have later examined the effects of
lift forces on filtration. However, the solutions are valid only for laminar flow and very dilute
suspensions as they ignore interactions between particles.

Eckstein ez al. (1977) used a Couette flow device to measure the particle diffusivity due
to particle interactions in a shear field. They obtained an empirical correlation for the particle
diffusivity as a function of the particle radius. Zydney et al. (1986) suggested that particles will

rotate, collide and overtake neighbouring particles travelling along slower streamlines in a
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suspension. These particle interactions will result in a net lateral migration of particles which can
be modelled by an effective diffusive coefficient. They used the expression developed by Eckstein
et al. (1977) for the particle diffusivity to model plasmapheresis using a polarisation model and
obtained good agreement between the predictions and observed data. Davis et al. (1987) proposed
that shear induced diffusion resulted in flowing cakes due to solids resuspension, and the cake
layer was balanced by axial convection out of the filter. Romero ez al. (1988) produced a global
filtration model predicting the axial variation of permeate flux and cake layer thickness. The
model was extended to include time dependent effects, and experimental verification of the model
was provided. The drawback of the models developed is the assumption that flow is laminar.
Fane er al. (1982) proposed a scour model to correlate results of ultrafiltration
experiments of an activated sludge liquor. The relationship between the permeate flux rate and the
bulk concentration of solid particles was essentially an empirical relationship with no theoretical

basis.

1.3.3.2 Resistance model

A resistance model assumes that the permeate flux rate is directly proportional to the
transmembrane pressure but inversely proportional to the viscosity of the permeating fluid. The
permeability of the membrane is limited by the resistance due to the membrane, the cake layer or
boundary layer and irreversible fouling.

The resistance of the membrane can be determined from water flux measurements or
Pousielle flow for membranes with cylindrical pores of uniform radius. The membrane resistance
depends on the membrane thickness, the membrane pore size and other morphological features
such as the porosity and the pore size distribution.

For incompressible and spherical particles, the specific cake resistance may be estimated
using the Carman-Kozeny equation (Carman, 1937). The mean specific resistance of
compressible suspensions may be evaluated from steady-state permeate flux rates. Biological
materials are compressible and show a decrease in the void fraction and an increase in the
specific resistance as the transmembrane pressure is increased. These effects are often accounted

for by assuming a power law relationship between the imposed pressure and the specific
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resistance (Nakanishi er al., 1987). Nakanishi et al. (1987) also determined that the specific
resistance was a function of the size and shape of microorganisms.

The resistance due to irreversible fouling is difficult to measure and is often intrinsically
incorporated into the cake resistance. Membrane fouling is the irreversible adsorption and/or
deposition of protein material and other contaminating species on the membrane surface. This
type of fouling can only be removed by chemical cleaning agents and/or harsh physical methods.
Protein adsorption is defined as the partitioning of a solute between a solution and a surface
(Hall, 1996). Thus protein adsorption refers to the monolayer of solutes in contact with the
membrane. Several types of interactions between the solvent and solute are responsible for
adsorption including London-van der Waals forces, electrostatic interactions and entropic forces
(Bowen et al., 1996 & 1998). Protein deposition often accounts for the majority of retained
solutes. Fane et al. (1983) found that the amount of protein deposited on an ultrafiltration
membrane corresponded to 100-400 layers of protein. Deposition of protein material is thought to
occur as a result of intermolecular bonding and hydrophobic interactions.

Other workers (Blake et al., 1992, Stamatakis et al., 1993, Elzo et al., 1996) have used
force balance models to predict the probability of particle adhesion to the membrane and/or cake
surface. The basic principle of force balance models is a determination of the probability of
particle deposition by comparing the net axial forces to the net radial forces in the vicinity of the
suspension-cake interface. Incorporation of particle adhesion probability with existing cake
filtration models then forms the basis of the permeate flux prediction. This is achieved by
satisfying the equilibrium condition stated above which results in an adhesion criterion defined as
the minimum particle diameter required for deposition, the minimum medium protrusion height
necessary to stop particles in motion and the minimum angle of contact needed to deposit
particles colliding with the cake (Piron et al., 1995). The adhesion criterion allows calculation of
the cake height and thus the prediction of the permeate flux rate. Force balance models are little
used because the inter-particle forces and drag forces are difficult to measure or estimate (Lojkine

etal., 1992).
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1.3.3.3 Fouling models

Models describing the time dependent nature of filtration are largely empirical and
mainly developed for dead-end filtration. During quasi steady-state operation, dead-end and
crossflow membrane filtration systems exhibit a decline in the permeate flux rate under constant
operating conditions. This decline is caused by membrane fouling. Membrane fouling is the
irreversible process caused when the feed components adsorb onto the membrane surface,
blocking and narrowing membrane pores. Hermia (1982) developed models for dead-end filtration
describing the mechanisms of membrane fouling. These included the complete blocking filtration
law, the intermediate blocking filtration law, the standard blocking filtration law and the cake
filtration model. The essential format of the equations were exponential or power law expressions
of the permeate flux rate as a function of the processing time. Several modifiers are available
describing crossflow filtration which often include a back diffusive term. Patel et al. (1987) used
a power law relationship to describe the crossflow microfiltration of whole cells. Foley et al.
(1995) developed a model for crossflow filtration systems that included a back diffusive term.
Such models are useful for process design and scale-up studies but deliver little insight into the

fouling process (Russotti et al., 1995).

1.3.3.4 Sieving mechanism of filtration processes

The ability of a membrane to stop or transmit molecules/particles will depend on their
relative sizes. Ferry (1936) used simple steric considerations to determine the membrane sieving
coefficient for isoporous membranes filtering monodisperse systems. The membrane sieving
coefficient was defined in terms of the instantaneous permeate concentration and the
corresponding bulk concentration and was evaluated with respect to the effective membrane pore
size. The effective membrane pore size was defined as the smallest molecular/particulate species
that absolutely failed to penetrate the membrane. Particles migrating towards a pore will have a
probability of penetration which is a function of the particle size and position near the pore. Ferry
used simple hydrodynamic considerations to evaluate this probability. The resulting model was
sigmoidal in nature. Cherkasov (1990) revealed inadequacies in the sieving model by testing the

theory on empirical data obtained from ultrafiltration and microfiltration experiments of model
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protein solutions. The results of his experiments revealed a sigmoidal relationship between the
retention coefficient and the particle-to-pore size ratio, but this relationship was characterised by
a sharp fall in membrane permeability at a critical particle-to-pore size ratio. The differences
between the model predictions and experimental data were attributed to the effects of

concentration polarisation, which are not accounted for in the sieving model.

1.3.3.5 Mass transfer in membrane modules

Mass transfer in membrane modules is often solved by simulating the solute mass
transfer balance through the convective-diffusion equation (Belfort et al., 1994). Several
simplifying assumptions render the solutions impractical for predictive purposes, but many
workers believe that the results have provided valuable insight. Belfort et al. (1985) provide a
summary of the governing equations and methods of solution. These methods involve using the
continuity equation, the Navier-Stokes equation, and the initial and boundary conditions are
solved for a given membrane geometry. A more practical approach is to use experimental
measurements to determine the mass transfer coefficients. Aimar er al. (1991) provide two
approaches to estimate the mass transfer coefficient from experimental measurements. Both
methods assume a boundary layer of even thickness along the membrane resulting in an average
value for the mass transfer coefficient and the wall concentration. The constant gradient model
assumes the concentration profile is linear across the polarisation layer. The second approach
assumes an exponential profile. The mass transfer coefficient is obtained by solving the mass
balance equation across the polarisation layer. Porter (1972) provides correlations for estimating
the mass transfer coefficient using analogous solutions for heat transfer. These include the
Lévéque solution for laminar flow and the Dittus-Boelter solution for turbulent flow.

Models developed for filtration processes tend to be empirical in nature and thus system
specific. The more rigorous models make numerous assumptions which render their predictions
inaccurate. Certain physical property characterisations of the membrane and the bioprocess feed-
stream including particle and pore size distributions and rheological measurements often aid
model development. In the next section, a review of the most common characterisation techniques

for bioprocess feed-streams is presented.
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14 Characterisation techniques

The characterisation of process feed-streams and the membrane itself play an important
role in making the right membrane choices. In this section, a description of the most common
characterisation techniques of process feed-streams including particle size distributions,
rheological measurements, solids volume fraction determination and protein concentration
measurements and their relevance to membrane bioprocessing will be outlined. Membrane
characterisation techniques to estimate pore size distributions, interfacial area, void fractions,
tortuosity and surface charges will not be reviewed and readers are advised to refer to Rdcek et
al. (1994) who reviewed and evaluated selected methods for the characterisation of ceramic
membranes which are used in this study.

Particle size distributions of biological process feed-streams, which contain a high degree
of heterogeneity, are often measured using light scattering techniques and/or an electrical sensing
zone method. When a monochromatic beam of light is incident on particles in a cell, the beam is
diffracted and the stationary diffraction pattern produced represents the size distribution of the
particles. Light scattering techniques use this principle of diffraction to obtain particle size
distributions. Measurements using the electrical sensing zone method are obtained by forcing
material suspended in an electrolyte solution to flow through a small orifice as a result of a
negative pressure applied across the orifice. The change in electrical resistance across the orifice
is monitored by means of immersed electrodes on either side of the tube wall. The resistance is
converted into a voltage pulse and the number of pulses represents the number of particles
passing through the orifice and the height of a voltage pulse is proportional to the volume of the
particle. The choice of particle sizer largely depends on the size range of the particles to be
measured. The diameter of the smallest particulate species often determines the upper limit of the
membrane pore size.

Rheological studies are conducted on process feed-streams to determine the degree of
non-Newtonian behaviour and also determine viscosities of feed-streams as a function of the
solids volume fraction and protein concentration levels. These measurements are conducted on

rheometers and they improve the predictive capabilities of polarisation models.
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The solids volume fraction of process feed-streams is often determined using dry weight
measurements. Dry weights are determined by drying known volumes of sample in pre-weighed
containers at temperatures in excess of 100°C to a constant weight before re-weighing. Protein
concentration levels are often determined using simple and precise assay techniques such as the
BIO-RAD protein assay (Bradford, 1971).

Characterising a solution's filtration properties will aid model development and also
allow scale-up calculations to be performed. A brief overview of scale-up issues concerning

membrane processes is presented in the next section.

1.5 Scale-up of membrane processes

Commercial membrane manufacturers supply their kit in modular formats. This makes
the scale-up of the membrane separation area appear straightforward. Brose et al. (1995)
proposed a method for scaling from laboratory-scale to process-scale systems. Their approach
was based on characterising a solution's filtration properties with specific ultrafiltration or
microfiltration membranes in laboratory-scale devices. Based on the experimental results at
laboratory-scale, the performance of process-scale systems were estimated using correlations
based on the gel polarisation theory and mass transfer coefficient correlations. Complex
rheological properties of biological feed-streams may however complicate such scale-up
calculations. An example of such a scenario will result when filtering a non-Newtonian feed-
stream. Ensuring that feed flow conditions mimic those at the laboratory-scale will be very
difficult. Another consequence of scaling up to process level is a change in the amount of foulant
material per unit area. This could alter fouling characteristics and change performance of the
membrane system. When scale-up issues are complex, tests at process-scale may be conducted.
Such tests are expensive and only a limited number of variables can be studied economically.

Typically, scale-up of membrane systems is achieved by adding new modules in series or
parallel. This makes scale-up issues relatively easy. However, when the geometry of the modules
are changed or when dealing with non-Newtonian systems, scale-up issues become more

complicated.
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1.6 Product inactivation during membrane processing

The inactivation of proteins during downstream processing could result in significant
reduced recovery levels. The bioprocess engineer needs to account for such potential product
losses. Inactivation of protein products will often occur when there are conformational changes to
the structure of the protein molecule. Such changes will occur as a result of physical, chemical

and biological effects.

1.6.1 Physical effects

The exposure of protein products to shear fields during downstream processing is a
potential cause of protein denaturation and enzyme inactivation. Membrane processing involves
retentate recycling at high flowrates, mixing, flow through narrow channels and high pumping
rates which result in high shear fields. Charm et al. (1970) showed that partial enzyme
inactivation occurred when certain enzymes were exposed to shear fields. Other workers (Thomas
et al., 1979, Virkar et al., 1981) observed little or no inactivation of proteins exposed to high
shear fields in the absence of air. They concluded that shear induced inactivation of proteins
required an air-liquid interface where deformed molecules could aggregate. Protein inactivation
can be reduced by the addition of surfactants, which prevent protein molecules from reaching the
air-liquid interface (Fischer, 1996). Lee et al. (1989) observed a reduction in the rate of
denaturation of a lipase on addition of polypropylene glycol.

Heat denaturation effects are another potential source of protein inactivation. Proteins are
sensitive to heat, and prolonged exposure often leads to irreversible inactivation (Campbell et al.,

1993).

1.6.2 Chemical effects

The side chains of individual amino acids that constitute a protein molecule are
susceptible to alteration when the solution environment changes. The solution environment can be
altered by changing the pH and the ionic strength. Such changes will alter the ionisation state of
the protein molecule resulting in electrostatic interactions which may result in product

inactivation (Weijers et al., 1992).
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Most industrially important enzymes are metalloenzymes. Metalloenzymes have metal
atoms as part of their integral structure, and these metal atoms are necessary for enzyme activity.
The presence of metal ions in enzyme solution can result in inactivation by substitution of the

integral metal atom.

1.6.3 Biological effects

Proteolytic action by proteases will lead to product inactivation (Weijers et al., 1992).
Proteases, which are an integral part of biological cells, break down protein material but their
actions can be minimised by operation at low temperatures or at elevated temperatures. The
former option slows down the rate of proteolytic action, the latter option inactivates proteases but
is only applicable to thermostable products. Protease inhibitors may be added to product streams
to limit proteolytic action. The use of protease inhibitors will though increase purification costs
and quantities used should be minimised as inhibitors are often hazardous to health (Fischer,

1996).

1.7 Choice of protein for experimental study

Yeast alcohol dehydrogenases (ADH) have been chosen as a suitable vehicle for
bioprocess modelling and verification trials in the research centre at UCL. ADH are multimeric
intracellular soluble isoenzymes located in the cytoplasm and mitochondria of yeast cells with an
approximate molecular weight of 150 kDa (Magonet et al., 1992). ADH consist of four identical
sub-units, each containing a zinc atom at its catalytic site necessary for enzyme activity (Jérnvall
et al., 1978). The isoelectric point of the enzymatically active form of ADH (ADH I) is 5.4 and
ADH 1 is unstable outside the pH range of 6.0-9.0 (Hall, 1996). The diameter of discrete ADH
molecules has been estimated as 7.6 nm by Bowen et al., (1995). However, the molecular state
and the degree of aggregation of ADH will depend on the solution conditions. Hall (1996) has
shown that the pH and the ionic environment significantly affect the size distribution of ADH.
Studies on the effect of shear on ADH have been conducted by Thomas et al. (1979), Virkar et
al. (1979) and Narendranathan et al. (1982). The studies showed that shear-induced structural

damage to ADH in solution was not significant when applied in Couette flow, stirred reactors or
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pumps. However, Charm et al. (1970) and Korus et al. (1977) observed damage to protein
products during laboratory-scale ultrafiltration and enzyme reactor operations. Narendranathan et
al. (1982) concluded that globular proteins such as ADH are not damaged by ultrafiltration
involving high shear fields. However, structural damage to proteins due to adsorption and
interfacial effects will occur in the vicinity of solid-liquid and gas-liquid interfaces. Thus, damage
to proteins during ultrafiltration will be observed as a result of the entrainment of air into such
systems.

The research group at UCL have used ADH for the development of a bioprocess
simulator. There are several reasons for the choice including
o packed baker's yeast as the starting material which is a cheap and reliable source material
e low-risk biosafety studies
¢ a substantial amount of information for ADH production and purification at UCL allowing

the examination of a wide range of process sequence alternatives and the influence of process
interactions on the overall design

s comparative studies on genetically modified yeast systems

Hetherington et al. (1971) developed an empirical model describing the release of soluble
protein from baker's yeast during high pressure homogenisation. Siddigi (1998) simulated the
changes in cell debris particle size distribution of both packed and fermented baker's yeast during
high pressure homogenisation. Mannweiler (1989) developed a grade efficiency model to describe
particle separation in a disc stack centrifuge and Clarkson (1994) verified the grade efficiency
approach by simulating cell harvesting, cell debris removal and the precipitation separation stages
in a process for the recovery of ADH from baker's yeast. Zhou et al. (1997) examined the impact
of high pressure homogenisation on subsequent debris removal by a disc stack centrifuge on the
recovery of ADH from baker's yeast. Habib (1998) examined the benefits of pre-treatment using
PEI prior to disk stack centrifugation of yeast homogenate on the recovery of ADH from baker's
yeast. Levesley et al. (1996) examined the effect of rapid backflushing of ceramic membranes on
the performance of membrane systems using ADH from baker's yeast as a test system. Maybury
(1998) studied the scale-down of unit operations used in the downstream processing of ADH

from baker's yeast. Varga (1997) conducted comparative studies on a recombinant yeast strain
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(Creaser et al., 1990) overexpressing ADH and used the approach of Mannweiler to simulate the

recovery operations in the process flowsheet.

1.8 Aims of research
The primary aim of this project is to generate models predicting permeate flux rate and
soluble product transmission during crossflow microfiltration of typical biological feed-streams
and demonstrate its application in a bioprocess simulation environment. Such demonstration will
involve selected laboratory-scale characterisations. ADH from baker's yeast will be used as the
test system. Other aims of the project are to
e compare two alternative approaches to modelling filtration systems including a statistical
approach and a polarisation approach
e develop predictive models using single laboratory measurements of permeate flux rate and
transmission of soluble components
e examine the generic nature of the models developed by conducting single microfiltration
experiments on alternative biological systems including PEI treated yeast homogenate and
Escherichia coli cell lysate
e examine the possibility of using physical property measurements to predict membrane
performance
¢ use simulation-based studies to develop a systematic approach to the design of membrane
separation bioprocesses
o explore the use of simulation-based studies as a teaching module
The development of unit operation models is an essential component of any simulator. In
Chapter 4, the examination of two alternative approaches to modelling is presented. The first is
based on a statistical approach. The second uses a polarisation model. Microfiltration
experiments have been conducted on yeast whole cells to demonstrate the relative merits and
demerits of the two approaches. In Chapter 5, the results of single microfiltration experiments
conducted on yeast homogenate have been used to develop a polarisation model describing

permeate flux properties and a sigmoidal model describing the rejection of soluble species as a
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function of their molecular weight and the membrane operating conditions. Verification trials
have been conducted to test the accuracy of the model predictions.

In Chapter 6, the application of simulation based studies for the systematic design of
membrane separation processes is demonstrated. The models used in the simulations have been
obtained from Chapter 5 and literature reviews. The work was carried out on SPEEDUP
(AspenTech Ltd., Massachusetts, U.S.A.). The effect of processing variables such as the
recirculation rate, the concentration factor, the diafiltration volume, and the membrane area on
the product yield, product volume and the product concentration in the permeate have been
examined.

Microfiltration experiments have also been conducted on other biological systems
including PEI treated yeast homogenate and Escherichia coli cell lysate. The results are
presented in Chapters 7 and 8 and include model development work. A comparative study of the
membrane processing of different biological systems is addressed in the appropriate sections.
Recommendations for the prediction of the performance of process-scale membrane systems are

provided in the concluding chapter.
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2 MICROFILTRATION MODELS
2.1 Introduction

Solid-liquid separations using microfiltration are achieved via a selective permeable
barrier in the presence of a pressure driven force. Several researchers have proposed models
describing the microfiltration of suspensions which are useful for design and optimisation of such

unit operations. This chapter reviews the most commonly used filtration models.

2.2 Fouling models

The accumulation of rejected feed components on the membrane surface as a result of
convective flow under an applied pressure gradient, often termed concentration polarisation, is
thought to be responsible for the initial sharp decline in permeate flux rates during crossflow
microfiltration. The build up of rejected material and the associated boundary layer on the
membrane surface is limited by the back diffusion of feed components into the main velocity
stream, which runs parallel to the membrane surface. At steady state, the rate of convection of
material to the membrane surface equals the diffusion of material from the boundary layer to the
main flow path. However, crossflow microfiltration systems exhibit a decline in the permeate flux
rate with time under constant operating conditions. This phenomenon can be attributed to a
process often termed membrane fouling. Membrane fouling is an irreversible and time-dependent
process caused when a membrane adsorbs or its pores are plugged by some feed components
(Patel et al., 1987). The narrowing or blocking of pores results in a lowering of the permeate flux
rate.

Several models have been developed to describe time dependent nature of filtration
processes. Many of these models have been developed for dead-end filtration but modified
versions for use in crossflow filtration by including terms that account for back transport are
available. Patel et al. (1987) used a power law relationship to describe their data obtained from

crossflow microfiltration experiments.

J=J b @.1)
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