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Abstract.

The initial stages of protein recovery often involve the processing of feedstocks containing 

particulate matter such as whole cells, or cell debris. Conventional isolation processes are 

complicated by the need to remove such particulate matter before application to packed 

chromatography beds. Expanded bed adsorption ofiers the potential for the direct adsorption of 

proteins in the presence of particulate material, thereby eliminating the requirement for extensive 

clarification operations upstream of the adsorption step. This thesis examines the application of the 

expanded bed approach for the direct recoveiy of a labile protein in the presence of cell debris and 

compares this with conventional approaches based on clarification prior to packed bed 

chromatography.

Expanded bed adsorption techniques were evaluated at laboratory scale for the recoveiy of a generic 

soluble intracellular protein. Alcohol dehydrogenase from S.cerevisiae cell homogenate suspensions. 

Several mechanisms of interaction including ion-exchange and hydrophobic interaction were 

investigated for the recoveiy of ADH in small packed beds using clarified feedstocks. Results 

indicated that the hydrophobic matrix Phenyl Sepharose^“ 6 FF gave the best chromatographic 

performance.

A prototype hydrophobic matrix for use within expanded beds, STREAMLINE™ Phenyl was then 

investigated for direct adsorption of ADH from unclarifted cell homogenates. The expanded beds 

hydrorfynamics were characterised through bed expansion and residence time distribution tests. 

Results indicated that fluid flow prevailing within the expanded bed approximated to plug flow 

resulting in good adsorption performance.

The expanded bed recoveiy route was compared at lab-scale with conventional routes based on 

packed beds which included polyethyleneimine flocculation, ammonium sulphate fractional 

precipitation and centrifugation to provide clarified material to the adsorption step. Comparative 

studies indicated that the expanded bed route gave higher process yields and reduced process times. 

However, the presence of cell debris was found to reduce the capacity of the matrix for ADH 

resulting in the need for large volumes of matrix and excessive buffer consumption when compared 

with traditional packed bed routes. These findings were confirmed at pilot-plant scale using 

processes based on 0.2m diameter columns.
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1. Introduction

1.1 General overview.

A large percentage of the products emerging from the rapidly expanding 

biotechnology industry are proteins. Proteins represent the most useful and diverse 

class of biopolymers (Becker et al. 1983). They are important as foods and food 

supplements, industrial catalysts, cleaning agents and pharmaceuticals. In the area of 

pharmaceuticals their usefulness lies in such properties as their enzymatic activity, 

specific recognition interactions with other molecules or other therapeutic actions. If 

one considers the heterogeneity of sources from which these proteins are derived, 

their intended uses and their diversity, the need for a great variety of recovery 

processes becomes apparent. These recovery processes are usually collectively 

described by the term ’’downstream processing” which in its narrowest definition, is 

the purification of proteins from conditioned media or fermentation broth (Ogez et al, 

1989).

The selection of the most appropriate methods for the initial stages of downstream 

processing, are a function of the nature and location of the desired product. If the 

product is secreted into the surrounding medium during fermentation, then 

subsequent isolation of the product involves the removal of cells from the spent 

medium. For intracellular proteins, downstream processing is complicated by the need 

to disrupt the cells to release their contents into the surrounding medium. Mechanical 

disruption through high pressure homogenisation, is often favoured due to cost 

considerations and ease of scale-up.

Unfortunately cell disruption not only releases the target proteins into solution, but 

also results in the generation of a colloidal suspension containing a large fraction of 

sub-micron particles. The components of the cytoplasm are also released which can 

present additional problems to further downstream processing operations. For 

example, nucleic acids, that comprise anywhere between 1 to 25% (w/w) of micro

organisms on a dry weight basis (Cordes, 1986), can lead to a large increase in 

viscosity resulting in handling problems. The desired protein is often present at a low 

concentration in a large processing volume." To reduced the size of unit operations
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further downstream, a degree of concentration is required during the primary 

recovery stages of the downstream route.

Chromatography has been employed as a method for the concentration and 

purification of intracellular proteins from large volumes of dilute liquor. Traditionally 

this has been achieved using packed or fixed beds of chromatographic adsorbent 

(Sofer and Nystrom, 1989) . However the usé of chromatography early in downstream 

processing requires the prior removal of colloidal debris resulting from cell disruption. 

This debris, if not removed, can become trapped in the void spaces that exist between 

the packed absorbent matrix, resulting in the formation of a plug of trapped solids at 

the inlet to the packed column. This would cause an increase in the pressure drop 

across the column, with a reduction in the accompanying liquid velocity. These may 

become unacceptable and lead to complete blockage of the column. To overcome 

these problems, many alternative methods for the primary recovery of proteins have 

been proposed.

The aim of this thesis was to assess the generic potential of a fluidised bed adsorption 

system, for the recovery of a target intracellular enzyme directly from crude

S.cerevisiae cell homogenate. This technique was compared experimentally with 

several generic, conventional recovery routes for the adsorption of the same enzyme, 

at both laboratory and pilot-scale.

To set the background against which this work was conducted, the following section 

discusses some typical, conventional methods for the initial isolation of proteins from 

crude solutions, using centrifugation and filtration prior to packed bed adsorption. 

Where appropriate, the problems encountered during conventional recovery routes 

are discussed. The basic fundamentals of chromatography are subsequently described 

along with a brief analysis of several packed bed modes of operation. The different 

types of adsorption mechanism available for chromatography are also briefly 

discussed.

A review of some of the alternative approaches to packed bed adsorption techniques, 

is also presented. This is followed by a detailed analysis of fluidised bed adsorption 

techniques, as applied to biological systems, covering the development of this
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technique into a well characterised unit operation for downstream processing. A 

literature survey detailing the basic principles and current applications of fluidised bed 

adsorption techniques at both laboratory and pilot scale, is also covered. Finally the 

objectives of the thesis are presented in some depth along with an introduction into 

the work conducted during this experimental study.

1.2 Initial clarification of process streams.

Though often ignored during the development of laboratory isolation schemes the 

removal of the colloidal debris following cell disruption is one of the most difficult 

downstream operations to achieve with high efficiency (Bonneijea et a l, 1988). Two 

of the most widely used techniques are centrifugation and filtration. However both 

suffer from some potentially limiting drawbacks.

1.2.1 Centrifugation.

The wide variety of centrifuge designs, including tubular bowl, multi-chamber, disc, 

scroll discharge and perforated bowl centrifuges, as well as a number of modifications 

for converting batch to intermittent discharge mode, has been extensively reviewed by 

Bell at a l  (1983). In all cases, centrifugation takes advantage of the differences in 

density between solid and liquid phases. The density gradient is amplified through the 

application of centrifugal force through rotating the solid-liquid mixture at high 

speeds.

Lab-scale centrifuges are typically low capacity batch machines capable of generating 

high relative centrifugal fields (>20,000g). However continuous centrifuges are 

required at pilot-scale to handle the large volumes involved. These centrifuges are less 

efficient at clarification than laboratory centrifuges because of lower relative 

centrifugal forces that may be generated and shorter residence times.

The degree of clarification that can be attained in pilot-scale centrifuges (10,000- 

20,000g) is usually in the range of 10^-10  ̂ fold in terms of cell clearance (Datar and 

Rosen, 1987). For the pilot-scale removal of colloidal cell debris, the situation is 

likely to be worse due to the low density of the colloidal material (Bonneijea et al,

1988). For this reason, centrifugation is often enhanced by conditioning the
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suspensions in order to increase particle size, reduce viscosity and increase the density 

difference between the particles and the medium, prior to centrifugation. Such pre

treatment may include flocculation or precipitation, both of which are discussed in 

detail, later in this work.

1.2.2 Filtration.

Filtration is a frequently used alternative to centrifugation for clarification of process 

streams. Filtration separates components according to their size and therefore 

circumvents many of the problems associated with continuous flow centrifugation. 

The technique is most effective when the particles fall in the range of 0.5-5 micron. 

Problems arise when a substantial proportion of the particles are smaller than this 

range, as is the case with disrupted cell homogenates, the typical size range of which 

lies between 0.1-lp.m (Clarkson et al., 1995). Once again, small particle sizes can be 

modified through flocculation.

Although filtration does have certain advantages over centrifugation, such as the 

possibility of a generating completely cell free solutions, in many cases the techniques 

is limited by a dramatic decrease in the flux per unit area of membrane during 

operation (Fane and Radovich, 1990). The subsequent need for large membrane areas 

can result in considerable operating and consumable costs.

1.3 Initial protein purification.

As previously mentioned, the product is usually present in the process stream as a 

dilute solute. If concentration of the product was not performed in conjunction with 

the clarification stage, for instance during filtration, then the next stage in a 

purification sequence is often a concentration step. Methods such as aqueous two- 

phase extraction, precipitation or more commonly ultrafiltration can be employed for 

this.

Several extensive reviews of aqueous two-phase extraction are presented by Kula et 

a l, (1982) and Mattiasson (1983). The method has been used for separations ranging 

from the removal of cells and cell debris from protein solutions to purification of one 

protein from others. In affinity partitioning, specific polymeric adsorbents are used to
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alter the protein distribution coefficients, thereby greatly increasing the efficiency of 

two-phase aqueous extraction.

Fractional precipitation of proteins is a purification method which dates back to the 

last century and is still a useful technique for the inexpensive and large scale 

purification and concentration of proteins. The fundamentals of precipitation are 

extensively reviewed later in this work.

Ultrafiltration has been used for three decades to effect concentration, buffer 

concentration and to an increasing extent, purification through the introduction of 

more selective anisotropic membranes. A number of thorough reviews exist in the 

literature for general membrane theory (Strathman 1981; Lonsdale 1982) as well as 

specific applications in the food and dairy (Olsen 1981), pharmaceutical (Short and 

Webster 1982) and biotechnology (Flaschel eial., 1983) industries.

Ultrafiltration is however limited in its application by concentration polarisation at the 

upstream surface of the membrane through the formation of a gel layer, especially in 

the presence of high concentration of proteins.

In most cases, however, a more selective step, usually involving some form of 

adsorption chromatography, is employed for initial concentration and purification of 

proteins.

1.4 Packed Bed Chromatography.

The term chromatography refers to a group of separation techniques which are 

characterised by a distribution of the molecules to be separated between two phases, 

one stationary and the other mobile. Molecules with a tendency to stay in the 

stationary phase will move through the system at a lower velocity than those which 

favour the mobile phase. Thus multi-component mixtures are separated due to their 

differential migration through the system. The most common physical configuration is 

column or packed bed chromatography is which the stationary phase is packed into a 

tube through which the mobile phase or eluent is pumped.
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1.4.1 Chromatographic modes of operation.

There are three classical modes of operation, frontal, displacement and elution 

analysis chromatography (Lee et al, 1988). All three modes can be performed using 

the same column equipment and adsorbents.

1.4.1.1 Frontal analysis chromatography.

In frontal analysis chromatography, the clarified feed stream enters the column 

continuously at the start of the operation. Components having the least affinity for the 

stationary phase break through first, followed by a series of mixed fronts. Frontal 

analysis is often used for the resolution of binary mixtures when the desired product, 

having a lower affinity for the stationary phase than any contaminating components, is 

eluted first. Thus a large amount of feed can be loaded until the first contaminant 

starts to appear in the eluent from the column. Alternatively frontal analysis may be 

operated under conditions of strong binding of the desired product to the adsorbent. 

In this instance a high load may be achieved with a large fraction of the stationary 

phase utilised. One advantage of this mode of operation is that the adsorbed 

component may be later eluted in a relatively pure form. This is the mode of operation 

mainly employed during affinity chromatography (section 1.4.2.4). Here the column is 

loaded with a mixture of components during which the impurities immediately break 

through while the desired product binds strongly to the stationary phase. Loading is 

stopped when the capacity of the column for the product is exceed and a pre

determined level of product starts to appear, or breakthrough, in the eluate. The 

column is washed to removed unbound impurities and eluted to recover the bound 

product.

1.4.1.2 Elution analysis chromatography.

Here a narrow band of sample is loaded onto the column and immediately followed by 

the application of a mobile phase with a lower affinity for the stationary phase than 

any component in the feed. Separation is due to the differential migration of the 

components to the end of the column where they are collected. Two forms of elution 

chromatography exist; isocratic elution, where the strength of the eluent entering the 

column is constant and gradient elution, where the strength changes
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1.4.1.3 Displacement analysis chromatography.

In displacement chromatography, a sample is loaded onto the column as a narrow 

band or in frontal analysis mode. Differential migration is achieved through the 

application of a displacer molecule which has a higher affinity for the stationary phase 

than any of the loaded components. The displacer front drives the sample mixture 

through the column, forcing all the components to move at its velocity. Due to 

competitive adsorption for binding sites, the components are separated into adjacent 

bands ordered according to their affinity for the stationary phase.

The mode of operation has not found widespread use at large-scale due to the 

unavailability of large quantities of inexpensive, purified displacer molecules.

1.4.2 Chromatographic techniques.

It is beyond the scope of this work to review the myriad chromatographic techniques 

available for the purification of proteins. However some of the more common 

techniques often employed at large-scale are discussed briefly below.

1.4.2.1 Size exclusion chromatography.

Also known as gel-filtration or gel-permeation chromatography, size-exclusion 

accomplishes separation of multi-component mixtures on the basis of relative 

molecular size. This is achieved through partitioning of the solute between very 

similar mobile phases. Separation occurs through the molecular sieving effect brought 

about by the three dimensional structure of the adsorbent beads, sterically hindering 

the diffusion of the solute molecules into their interior. Totally excluded molecules 

occupy the void fraction between the adsorbent beads only and quickly pass through 

the column. Other smaller components are restricted in their passage along the 

column length due to their molecular size.

1.4.2.2 Ion-exchange chromatography.

Ion-exchange is one of the most common chromatographic techniques used for the 

initial purification of proteins (Bonneijea et a i, 1986). The basis for ion-exchange is 

the competitive binding of ions of one type; for example the desired proteins, for ions
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of another kind; proteins or salt ions of the same charge, to an oppositely charged 

chromatographic matrix. The main parameters controlling adsorption are the pH of 

the solution and the solution ionic strength. The technique is well suited for large- 

scale isolation due to its generally high capacity, its selective nature, concentration 

properties and the ability to isolate many proteins in one step (Sofer and Nystrom,

1989). Ion-exchange is discussed in more depth later in this work.

1.4.2.3 Hydrophobic interaction chromatography.

As the name suggests, hydrophobic interaction chromatography is a technique by 

which components are separated due to their different strengths of hydrophobic 

interaction with a generally uncharged absorbent matrix possessing hydrophobic 

groups. Hydrophobic interaction chromatography can separate components having 

similar size and charge on the basis of their hydrophobicity. The technique is 

particularly useful in the purification of proteins, as most proteins posses hydrophobic 

regions on their surface. Elution is generally performed under mild conditions leaving 

proteins in their native conformation. Hydrophobic interaction chromatography forms 

a major part of this work and as such is cover in greater detail later in this thesis.

1.4.2.4 Affinity chromatography.

A more powerful tool for the high resolution of protein mixtures is affinity 

chromatography. The technique relies on the reversible formation of a complex 

between the solute to be recovered and an immobilise ligand on the chromatography 

matrix. The high specificity of the interaction between the solute and immobilised 

ligand characterises affinity chromatography as a technique which results in very high 

capacities and high purification. Purification factors of well over 1000 can be 

achieved with affinity chromatography, although purification factors of 100-200 are 

more common. This techniques is well suited to the recovery of very dilute solute 

molecules from large initial volumes of clarified solutions. However the ligands used 

in affinity chromatography are often expensive this may limit the use of the technique 

on an industrial scale.
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1.5 Complications encountered using conventional recovery 

strategies.

The requirement for process stream clarification prior to packed bed chromatography, 

combined with the inefficiencies of these clarification techniques, has resulted in 

conventional recovery routes comprised of a large number of unit operations. 

Bonnerjea ei al., (1986) reviewed 100 papers on protein purification for the year 

1984 and concluded that on average, 4 purification steps were required to purify a 

protein to homogeneity with an overall yield of 28%. The maximum number of 

purification steps was 9. These findings however are likely to be unrepresentative of 

actual industrial processes, where valuable process information is protected by 

companies and compliance with regulatory authorities, dictate the inclusion of a 

number of steps in addition to those actually required for process yields alone. Sofer 

and Nystrom (1989) reported that regulatory authorities expect that at least one 

chromatography step, should be used in the production of a protein-based 

pharmaceutical.

Large numbers of downstream processing stages can result in low overall yields as 

demonstrated by Fish and Lilly (1984), since no-one separation process can generally 

be performed with a 100% yield. In addition long processes can result in a decrease in 

protein yield due to presence of proteolytic enzymes released during cell disruption. It 

has been reported that losses due to proteolytic degradation may be minimised by 

performing chromatography earlier in the process sequence, as these degredative 

enzymes may be separated away from the desired product during chromatography 

(Bamfield-Frej etal., 1994).

Therefore a need exists for both a reduction in the number of unit operations required 

to isolate and purify a given protein and to perform the chromatography operation as 

early as possible in that purification sequence. The following sections describe some 

approaches that have been adopted to meet the above requirements.



1.6 Fluidised bed adsorption.

One method for applying adsorption early in downstream processing is the batch 

contacting of the adsorbent matrix directly with the particulate laden feed stock in a 

stirred tank (Brummelhuis, 1980). The advantage of employing a stirred tank process 

is that the product is captured directly from the unclarified feed stock. However, the 

major disadvantage of this method is that the stirred tank acts as one single theoretical 

plate in a separation process, which leads to long process times due to poor 

contacting efficiency (Slater, 1991).

An attractive solution to the problem of applying particulate containing material to 

packed beds is the use of fluidised or expanded beds. When liquid is pumped upwards 

through a bed of adsorbent not constrained by the presence of an upper adapter, the 

bed can expand and spaces open up between the adsorbent beads. Provided there is 

sufficient difference in the physical properties of the adsorbent beads and the particles 

in the feed stream, particulate material may pass freely through the bed without 

becoming trapped. Adsorption of the product to the surface o f the matrix beads 

occurs directly in the presence of cells and cell debris.

The use of fluidised bed technology for biological applications was first realised by 

Bartels et al., (1958), who used a fluidised cation exchanger for the purification of 

streptomycin from whole Streptomyces broth. In an extension to that work. Belter et 

al, (1973) described a whole broth adsorption of novobiocin in single and multiple 

column systems using an anion exchange resin. Wells et a l, (1987) reported on the 

use of fluidised bed adsorption for the recovery of Bovine Serum Albumin (BSA) 

spiked into both blood plasma and whole S.cerevisiae cell suspensions, onto the anion 

exchange resin Macrosorb K6AX-DEAE (Sterling Organics Ltd., UK). Adsorption 

was performed onto batches of the resin with re-circulation of the feed streams.

However it is important to note that the above applications of fluidised beds were 

designed on the basis of well mixed systems. For example, Bartels et al (1958) 

employed an agitator at the base of the fluidised bed to achieve complete mixing. 

Extensive mixing was achieved by Wells et al, (1987) through re-circulation of the 

feed stream. An analysis of mixing characteristics of these systems would show a

31



close similarity to the behaviour of an ideal stirred tank reactor rather than to plug 

flow behaviour. These early fluidised beds were therefore characterised by well mixed 

behaviour.

Attempts were made by subsequent researchers to reduce the degree of axial mixing 

between the solid and liquid phases between adsorbent particles in such fluidised bed 

systems. Buijs a l, (1980) reported on the use of baffles around the walls of the 

column to minimise the degree of bulk mixing with fluidised beds. Other approaches 

have been based on modifying both column equipment and adsorbent particles to 

keep the adsorbent particles “stationary” within the fluidised bed. Such an approach 

approximates to a packed bed with increased voidage allowing the application of 

colloidal debris directly on to the chromatography matrix.

One such example of a purpose designed adsorbent was that used by Galliot et al, 

(1990) for the large scale whole broth extraction of immunomycin from Streptomyces 

hygroscopicits. The antibiotic was successfully adsorbed onto the surface of a high- 

density polymeric adsorbent, via frontal analysis chromatography in an expanded 

mode. 600L of resin was required to meet the large scale requirements of the process.

It is important to note at this point that a distinction has been made within the 

literature between fluidised beds as characterised by large degrees of axial mixing and 

those fluidised beds in which the degree of axial mixing has been limited. The term 

“expanded bed” has been extensively used to described fluidised beds possessing a 

low degree of solid-liquid mixing with a close approximation to plug flow. The same 

terminology is followed in this thesis.

1.6.1 Magnetically stabilised fluidised beds.

One common method for the localisation of the adsorbent particles within fluidised 

beds involves the use of adsorbents based on ferromagnetic particles. The bulk 

movement of these particles is prevented by the application of an external magnetic 

field. A thorough review paper on the historical development of magnetically 

stabilised fluidised beds, (MFBs) is that of Liu et al., (1991). Biological applications 

of MFBs have also been reported by Chetty and Burns, (1991) who discussed the 

continuous separation of proteins using non-magnetic supports in MFBs. Bums and
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Graves (1985) reported on the use of affinity magnetic particles for the recovery of 

human serum albumin within a 0.013m diameter column of length 0.1m. Terranova 

and Burns (1987) described a MFB capable of either the filtration of passage of cell 

debris with removal rates as high as 95% and as low as 5% depending on the selected 

mode of operation.

However in the above instances, MFBs were all operated at small laboratory scale. 

Terranova and Burns (1987), employed a 0.035m diameter, 0.25m height column. 

The widespread use of MFBs for industrial biological applications has been limited by 

the requirement for complicated equipment and problems with the dissipation of heat, 

generated when producing the required magnetic field.

1.7 Expanded bed adsorption using conventional adsorbents.

Despite the successful application of fluidised beds for the recovery of low molecular 

weight compounds, their use for the recovery of proteins had been reported in only a 

few cases. The main reason for this has been the lack of commercially available 

equipment and adsorbents which posses the necessary physical properties for the 

localisation of the adsorbent within the bed.

Several researchers have investigated the potential of using commercially available 

low-density packed bed adsorbents for use within fluidised beds. Draeger and Chase 

(1991a) studied the suitability of the strong anion exchanger matrix Q-Sepharose™ 

Fast Flow for the adsorption of a model protein, BSA, in batch, packed and fluidised 

modes of operation. The hydrodynamic behaviour of the packed bed matrix was also 

evaluated in the fluidised mode, along with the influence on adsorptive capacity of the 

anion exchanger in the presence of cells.

They demonstrated that it was possible to fluidise the Sepharose™ matrices to at 

least 2-3 times the settled bed height albeit at low flowrates. The authors also showed 

that the breakthrough curves of BSA obtained in the packed and expanded modes for 

pure solutions of BSA were similar. However the presence of cells was found to 

result in a decrease in the capacity of the matrix for the protein.
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This work was subsequently extended to include an assessment of an affinity 

chromatography matrix. Protein A Sepharose™ CL-4B, for the recovery of human 

immunoglobulin G (Draeger and Chase 1991b). They reported that the presence of 

Alcali genes eutrophus cells at a concentration of 15mg/mL (dry weight) resulted in a 

reduction of the apparent capacity of Q-Sepharose™ FF from 48mg/mL in the 

absence of cells to llmg/mL, as measured in a fluidised mode of operation. The 

decrease in the apparent capacity of the affinity matrix was smaller, from 24mg/mL to 

21mg/mL in the presence of the cells. They concluded that the larger reduction in the 

capacity of the anion-exchanger was due to the non-specific adsorption of negatively 

charged cells to the matrix, reducing the number of sites available for the adsorption 

of the BSA target protein.

Further studies investigated the use of cation-exchangers for the fluidised bed 

adsorption of BSA in the presence of cells (Chase and Draeger, 1992a, 1992b). These 

papers demonstrated that the capacity of the cation exchanger S-Sepharose™ Fast 

Flow was not significantly affected by the presence of cells. However the capacity of 

Q-Sepharose™ Fast Flow in a fluidised bed mode for BSA, was found to be reduced 

by half in the presence of 50mg/mL (dry weight) of S.cerevisiae cells.

From their results, the authors concluded some specific demands for the nature of 

matrices suitable for use within "expanded beds”. To achieve acceptable degrees of 

bed expansion and stability, the matrix should have a larger particle density than 

conventional Sepharose™ type matrices. A wider distribution of particles sizes was 

also recommended such that stratification of larger particles to the bottom of the bed 

and smaller particles to the top, would superimpose a degree of stability to the 

expanded bed, helping to limit the amount of bulk solid-liquid mixing.

As a consequence of these considerations, a commercial material has been developed 

marketed under the trade name STREAMLINE™ (Pharmacia Biotech AB, Sweden), 

which used in conjunction with a purpose designed column can create fluidised beds 

in which the adsorbent particles remain “stationary” within the fluidised bed. This 

results in the creation of a stable expanded bed. The next section deals with this 

approach in detail as it forms the basis for this experimental study.
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1.8 Expanded bed adsorption using purpose designed adsorbents.

1.8.1 STREAMLINE'*’̂* equipment and absorbents.

Early adsorbents for use within expanded beds suffered from a combination of low 

binding capacities for proteins and an inability to withstand high pH during cleaning. 

The development of a purpose designed adsorbent based on an agarose-quartz 

composite has resulted in a material which overcomes these earlier limitations.

The STREAMLINE™ adsorbents possess an increased density, usually through the 

inclusion of a quartz core. A wider size distribution, relative to conventional 

Sepharose™ type matrices, allows for the formation of a “classified” inhomogeneous 

expanded bed in which individual adsorbent particles undergo no bulk movement. 

Some physical properties of the current commercially available STREAMLINE™ 

matrices are listed in Table 1.1

Base matrix Ligand

Mean density 

(kg/m^)

Particle size 

distribution (|im)

Agarose-quartz DEAE 1.15 100-300

Agarose-quartz SP 1.15 100-300

Agarose-quartz IDA 1.15 100-300

Agarose-quartz Heparin 1.15 100-300

Agarose-metal Protein A 1.3 80-165

Table 1.1. Some properties o f commercially entailable adsorbents (STREAMLINED^)
for expanded bed adsorption.

The physical properties of the STREAMLINE™-DEAE and -SP matrices have been 

extensively reviewed by Chase and Chang, (1993) and Chang and Chase, (1994). The 

expansion of the STREAMLINE™ matrix was compared to the expansion of the 

corresponding Sepharose™ matrix. The differences in particle sizes and densities 

were found to result in the ability to expanded the STREAMLINE™ matrix to the 

same degree of expansion as the Sepharose™ matrix and at a much higher flowrate.
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The equipment used for expanded bed process is similar to that employed in packed 

bed column chromatography. The only exceptions are the inclusion of an upper 

adapter, the height of which may be varied throughout the expanded bed operation, 

and the design of the lower inlet adapter which consists of a perforated stainless-steel 

disc. The design of this distributor is critical to the operation of the expanded bed 

process since it must generate an even distribution of liquid across the whole diameter 

of the expanded bed, otherwise preferential flow, or channelling, will exist in small 

localised areas of the column inlet. This would cause the bulk of the liquid to by-pass 

the matrix resulting in poor adsorption performance. An exploded diagram of the 

expanded bed column is provided in Fig. 1.1.

1.8.2 Method development for expanded bed adsorption operations.

Hjorth (1997) reported that four different experimental stages are generally required 

to develop a fully optimised expanded bed process. These stages were reported as:

• small-scale experiments in packed bed mode.

• small-scale experiments in expanded bed mode

• pilot-scale experiments in expanded bed mode

• production-scale experiments in expanded bed mode

Initial method scouting experiments are performed with the relevant 

STREAMLINE™ matrix in a packed column using clarified feed streams. After 

investigation into binding and elution conditions, method development moves to the 

expanded bed column where the influence of cell and/or cell debris on adsorption may 

be assessed. At this stage the operation of the expanded bed is optimised for sample 

load and biomass concentration, load volume, bed expansion and operating 

conditions. Following this, the scale of operation is increased to pilot-scale. If 

successful, the expanded bed process may be further increased to full production 

scale. An analysis of some of the operating parameters affecting expanded bed 

adsorption have been reviewed for the recovery of proteins (Hjorth et ai, \995).
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Column and Stand Adaptor

Fig. 1.1 An exploded diagram of the principal components of the 0.05m 
diameter STREAMLINE™ column (ST-50); 1,14,19,22,25 0-rings; 2 
connector; 3 distributor plate, 5 bottom net; 6 stand feet; 7 washer; 8 
nut; 9 stand; 10 bottom flange; 11 adapter plate; 12 adapter distributor 
plate, 13 adapter net; 15 adapter; 16 rod piston; 17 column tube; 18 
gasket; 20 upper flange; 21 rod sealing; 23 lid, 24 domed nut



1.8.3 Operation of the expanded bed process.

In general expanded bed processes are operated in a similar fashion to packed bed 

processes. A description of the major points of interest in the operation of expanded 

beds is given below.

1.8.3.1 Expansion and Equilibration.

Prior to loading, the settled bed is expanded through the application of equilibration 

buffer in an upwards direction. The degree of bed expansion is usually 2-3 times the 

settled bed height (Chase and Chang, 1993). The liquid velocity at which this degree 

of expansion occurs is a strong function of the physical properties of the adsorbent 

and the liquid passing through the bed. However a typical figure of 3m/h is often 

quoted (Hjorth, 1997).

1.8.3.2 Adsorption.

After expansion and equilibration, the sample is loaded onto the bed. In general, the 

loaded sample will have quite different physical properties to the equilibration buffer, 

often having a higher viscosity, density and containing a large fraction of whole cells 

or cell debris. If the liquid velocity through the bed is unchanged, then the degree of 

bed expansion will increase. The influence of feed stock properties on expanded bed 

performance has been discussed by Bamfield-Frej ei a l, (1993).

Some users of expanded beds, prefer to load at constant liquid velocity of 2-3m/h 

after expanded the bed to 2-3 times the settled bed height, allowing the bed to expand 

in the new fluidising solution (Barnfield-Frej, 1994). Other researchers recommend 

that a constant degree of bed expansion should be maintained through a reduction in 

liquid velocity on loading. Under specific conditions, Chang and Chase, (1996b) 

achieved a higher productivity from the expanded bed process operated at constant 

bed height, although these findings were quite subjective. There are also operation 

difficulties in observing the expanded bed height within the turbid feed streams 

usually applied to the expanded bed systems. Operation above 0.2m diameter columns 

results in the need for the columns to be constructed from stainless steel which does
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not permit the visualisation of the bed at all. Complicated, expensive and intrusive bed 

sensing equipment must therefore be employed.

1.8.3.3 Washing.

Washing of expanded beds is usually performed in the upwards fluidising direction to 

removed both colloidal cell debris or cells and unbound or weakly bound proteins or 

other contaminating species. Washing is normally carried out using simple buffers 

although there is some evidence to suggest that the use of more highly viscous wash 

buffers may reduce the number of column volumes needed to remove particulate 

material from the expanded bed (Draeger and Chase, 1991a and 1991b). In these 

studies it was concluded that the presence of viscous buffers such as glycerol may 

have a deleterious effect on elution, but no investigation into the amount of buffer 

required to remove all tracers of the glycerol buffer was made. The advantages gained 

through the use of viscous wash therefore requires further investigation.

Once particulate material has been removed from the bed, the direction of wash may 

be reversed to pack the matrix into a smaller volume, reducing the overall volume of 

wash buffer required.

1.8.3.4 Elution.

Elution is generally carried out with the expanded bed matrix in a packed 

configuration. The matrix is allowed to settle after washing and the upper adapter is 

lowered to the surface of the settled bed, reducing the dead volume of the column. 

Elution in the packed configuration may then be performed in either the upwards or 

downwards direction.

1.8.3.5 Clean-in place.

An important stage in the operation of expanded bed processes is the clean-in-place 

(CIP) procedure. CIP is performed to preserve the functionality of the adsorbent and 

to ensure that all impurities are removed from the column prior to subsequent loading 

(Hjorth, 1997). The CIP protocol is dependant on both the nature of the feed stream 

and the type of adsorbent used. As such there are a number of protocols reported in 

the literature for different systems (Barnfield-Frej et al., 1994; Chang and Chase,
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1996; Jagersten et ai, 1996; Barnfield-Frej et al.  ̂ 1997. However most CIP protocols 

employ sodium hydroxide in concentrations of 0.5-lM for a contact time of 

approximately 4h. Often this is followed by acetic acid (20%(v/v)) or organic solvents 

such as isopropyl alcohol (30%(v/v)).

1.8.4 Recent applications of expanded bed adsorption.

Most applications of STREAMLINE™ matrices and column equipment encountered 

in the literature have been limited to laboratory scale operations, although a small 

number have been scaled-up to pilot and production scale. The breadth of biological 

systems to which expanded bed adsorption has been applied include yeast, bacterial 

and mammalian cell cultures. A selection of applications encountered in a recent 

literature survey, are presented below.

1.8.4.1 Recovery from yeast cells and cell homogenates.

Chang and Chase, (1996a) have reported on the recovery of the enzyme glucose-6- 

phosphate dehydrogenase (G6PDH) from unclarified S.cerevisiae homogenate using 

STREAMLINE™-DEAE. It was possible to recover the enzyme from a 25%(w/v) 

cell homogenate with an overall yield of 98% and purification factor of 12.0 from 

loading approximately 2 column volumes of homogenate onto 0.465L (settled 

volume) of STREAMLINE™ matrix. Also investigated was the use of step elution 

for the partial purification of the enzyme. It was demonstrated that at least 10 

repeated cycles could be performed on the same column with CIP protocols 

performed between each cycle. No significant loss in adsorptive capacity was 

observed over these 10 chromatography runs.

Chang and Chase (1996b) investigated the use of STREAMLINE™-SP for recovery 

of the same enzyme from S.cerevisiae cell homogenate in a study to assess the 

performance of expanded bed systems, loaded either at constant liquid velocity or 

constant bed expansion.

Chang et al., (1995), observed much higher purification factors and yields for the 

recovery of G6PDH using the aftRnity matrix STREAMLINE™-Red H-7B. A 99% 

yield at a purification factor of 103 was observed for the recovery of the enzyme from
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0.83L of diluted homogenate loaded onto 0.42L of matrix. One interesting advantage 

of the coloured affinity matrix was that visualisation of the top of the bed during 

loading with homogenate, was much easier due to the heightened contrast between 

the matrix and feed stream.

Zurek et al, (1996) used STREAMLINE™-SP for the recovery of an aprotinin 

variant from 6.4L of yeast cell suspension using 0.3L of matrix. Yields of 76% at a 

purification factor of 3.8 were reported. The enzyme, inulinase, has been successfully 

recovered from the yeast Candida kefyr using STREAMLINE™-SP and -DEAE at 

laboratory scales (Pessoa et al, 1996/

An example of the industrial scale application of expanded bed processes with yeast 

systems, was reported by Noda et al., (1996). Following the development of the 

process at laboratory scale in a 0.05m diameter expanded bed, the process was 

directly scaled up to a Im diameter column, containing 150L of cation-exchange 

matrix. 1,900L of cell suspension was processed to recover human serum albumin 

with yields of between 83-91%.

The ease of scale-up of expanded bed processes has been demonstrated by Bamfield- 

Frej et al, (1997). The recovery of BSA spiked into S.cerevisiae cell suspensions was 

scaled-up from 0.75L of feed stock to 440L, using columns ranging in size from 

0.025m to 0.6m in diameter. CIP efficiency was evaluated using both S.cerevisiae and 

E.coli as test organisms, with no viable cells remaining after CIP.

1.8.4.2 Recovery from E.coH cells and cell homogenates.

The recovery of a recombinant protein, annexin V, expressed into the periplasm of 

E.coli cells was reported by Barnfield-Frej et al., (1993 and 1994). The recombinant 

protein was released into solution through high pressure homogenisation. The scale- 

up of this process to handle 26L of cell homogenate in under 2.5h when loaded onto a 

0.2m diameter expanded bed was discussed. Only 0.3h was required for loading 

which was reported to be attractive since the time of exposure of the recombinant 

protein to proteolytic enzymes, was greatly reduced over conventional recovery 

processes. The yield of the recombinant protein was 95% with a low purification 

factor of 2. However this was reported to be much greater than purification factors
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obtainable with conventional primary recovery operations. The recovery of annexin V 

using STREAMLINE™-DEAE has also been reported by Skold et a l, (1993).

One of the advantages of periplasmic expression, is that partial disruption of the cell 

through osmotic shock or chemical lysis can release the desired product, whilst 

leaving the bulk of the contaminating proteins within the cell. The use of recombinant 

technology in this fashion offers the potential for considerably simplifying 

downstream processing operations. An example of the application of expanded beds 

in the recovery of such products, was the isolation of a modified Pseudomonas 

aeruginosa exotoxin A (Johansson et al., 1996) from the periplasm of E.coli cells. In 

comparison with conventional techniques, the expanded bed route was 3 times faster, 

had a slightly higher overall yield and resulted in a more concentrated product.

Hansson et a l, (1994), discussed the laboratory scale isolation of a secreted malarial 

fusion protein, ZZ-M5 from whole E.coli fermentation broth with yields exceeding 

90%. They concluded that expanded bed adsorption of secreted products was suitable 

for large-scale operation.

1.8.4.3 Recovery from mammalian cell cultures.

The low shear environment within expanded bed systems makes them ideal candidates 

for the recovery of therapeutic proteins, for instance monoclonal antibodies, from 

shear sensitive mammalian cell culture solutions. Thommes et a l, (1995) reported on 

the use of STREAMLINE™-SP for the recovery of monoclonal antibodies with low 

capacity (O.lmg/mL). However monoclonal antibodies are usually purified using 

immobilised Protein A (Thommes et al., 1996). In the latter paper, the use of 

STREAMLINE™ matrix to which recombinant Protein A had been coupled, was 

used to recover 2g of pure mouse IgG per cycle, from unclarified cell culture using a 

laboratory scale 0.05m diameter expanded bed. The binding capacity was reported to 

be 14mg (IgG)/mL (settled matrix). Low concentrations of the product in the feed to 

the column combined with the high capacity of the matrix, resulted in excessively 

prolonged sample application times (10-1 Ih). The authors noted that long term 

storage of mammalian cell cultures, could allow partial settling of the cells in the feed 

vessel, which may lead to aggregate formation. If these aggregates entered the
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bottom of the column, the distribution of feed across the whole area of the column 

may be disturbed, resulting in poor adsorption performance. Therefore they 

recommended that the feed vessel should be continually stirred during sample 

application.

In pilot-scale expanded bed adsorption cycles, 40g of IgG antibody from 1OOL of 

myeloma cell culture was recovered in 2.5h using 4.7L of adsorbent in a 0.2m 

diameter expanded bed (Jagersten et al., 1996). The matrix employed was 

STREAMLINE™ rProtein-A. An analysis of the eluted IgG demonstrated 

comparable purity to that achieved using conventional routes, employing clarified 

feed stocks and packed bed protein A chromatography.

Zapata et al., (1996) reported on the use of production-scale expanded bed 

adsorption for the recovery of monoclonal antibodies. 12,000L of cell suspension was 

processed to yield a 5 fold concentrate with an overall yield of 95%.

1.9 Alternative expanded bed adsorption systems

The above literature survey highlighted the merits of STREAMLINED^ expanded bed 

adsorption systems. A number of other companies now produce their own column 

and adsorbent equipment for expanded bed adsorption protocols.

Upfront Chromatography, (Copenhagen, Denmark) have returned to the physical 

configuration used by Bartels et al., (1958) by including an agitator at the bottom of 

the column to mix the solid and liquid phases together. The column is unique in that 

no filter screens or distribution plates are utilised, with liquid feed entering the bed 

through a side tapping at the bottom of the column. The column is not operated as a 

sealed unit. The upper movable adapter consists of a floating distributor which on 

elution, sinks to reduce the dead volume of the system. However the open design of 

the column is likely to result in the inability to operate aseptically. The potential for 

this exists in STREAMLINED^^ expanded bed systems, but has not yet been fully 

evaluated.

Slightly more attractive are the PROSEP® range of adsorbents (Bioprocessing Ltd., 

Co. Durham, UK). It is claimed that these purpose designed adsorbents have the
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advantage that they may be used in existing packed bed chromatography columns 

with minimal modifications, thus eliminating the need for purpose designed expanded 

bed columns. Glass ballotini, which has undergone surface derivatisation to reduce 

non-specific adsorption, is poured into the existing packed bed column. The 

PROSEP® adsorbent beads, which have a higher relative density of 1.3-1.5 as 

compared with STREAMLINE™ matrices are then poured on top. On fluidisation, 

the solid glass beads, which in effect function as a distributor plate, are not fluidised 

due to their higher density, whilst the porous PROSEP® matrix expands to allow the 

passage of particulate material.

The columns in which PROSEP® capture would be performed must be fitted with a 

movable upper adapter. Existing packed bed column design does not really take this 

requirement into account and so it is unlikely that PROSEP® adsorbents would 

actually be used within conventional packed bed columns. A more realistic approach 

would be the use of PROSEP® matrices within STREAMLINE™ columns. However 

the major disadvantage of PROSEP® matrices is lack of chemical resistance to high 

pH. Sodium hydroxide may not be used to clean the matrix and this short coming may 

limit the future applications for which PROSEP® matrices are employed.

1.10 Comparisons between expanded and packed bed adsorption 

routes.

The performance of STREAMLINE™ expanded beds for the recovery of various 

products, both intracellular and extracellular, have been assessed in the literature. In 

general terms where comparisons have been made with conventional packed bed 

adsorption techniques, the basis for comparison has not allowed for a thorough 

evaluation of the advantages or disadvantages of the expanded bed system relative to 

the packed bed approach. For instance, early comparisons between the breakthrough 

of proteins loaded onto Sepharose™ matrices in packed or expanded modes, did not 

take into account the presence of cell or cell debris (Draeger and Chase, 1991a). 

Where expanded bed routes have been compared with clarified feed streams loaded 

onto packed beds, comparison have only been performed at laboratory scale and
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clarification has been generally achieved through lab-scale centrifugation only (Chang 

and Chase, 1996), a situation wholly unrepresentative of industrial applications.

To date, only two publications have attempted to compare expanded bed approaches 

with realistic conventional processing strategies (Suding and Tomusiak, 1993; 

Johansson et al., 1996).

Suding and Tomusiak (1993) investigated the use of an expanded bed column to 

replace their existing conventional approach for the recovery of an unspecified 

intracellular product from E.coli homogenate. The conventional approach employed 

centrifugation and filtration to remove cell debris prior to packed bed 

chromatography. They reported that the expanded bed approach required 1.4 times 

the volume of matrix than the packed bed approach. Overall production costs of the 

product using the expanded bed approach were higher at $217/g than the 

conventional processing route at £200/g, however the time required for the expanded 

bed approach was approximately half that of the packed bed approach resulting in a 

route productivity of 22g/$h in comparison to the packed bed approach of llg/$h. 

The major contributions to the overall costs resulted from filtration and 

chromatography consumables and the cost of cleaning solutions for the expanded bed. 

They also reported that the expanded bed process had a lower yield than the packed 

bed process. Their overall conclusion was that a reduction in the cost of the expanded 

bed matrix would make the expanded bed approach comparable to their conventional 

approach.

Whilst obviously a detailed study, no reference to the relative binding capacity of the 

conventional and expanded bed matrices were made, nor to the relative sizes of the 

packed and expanded bed columns. No was reference made to the type of the matrix 

used making it difficult to extrapolate data from that study to use in comparing other 

packed and expanded bed processing routes.

Johansson et al., (1996) presented slightly more detail concerning the expanded and 

packed bed approaches compared for the recovery of an periplasmically expressed 

exotoxin A from E-coli. The expanded bed route was demonstrated to be faster than
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the packed bed route by a factor of three, however no attempt was made to generate 

economic data for either route, nor were route productivities calculated.

1.11 Obj ectives of thesis

There is a lack of published experimental data in which expanded bed systems have 

been compared with conventional routes based on packed bed adsorption, where the 

feed streams to the latter have been realistically clarified and even purified prior to 

chromatographic purification. The aim of this thesis was therefore to investigate 

different adsorption mechanisms for the chromatographic adsorption of a target 

enzyme, ADH, from S.cerevisiae using both packed and expanded bed techniques. 

The use of a conventional packed bed approach required the investigation and 

development of several methods for the clarification of cell debris prior to the packed 

chromatography column. The contributions to the overall performance of the 

conventional route, including both clarification and chromatography, were assessed 

against the expanded bed approach for the recovery of the same enzyme directly 

from the crude cell homogenate. The scale-up issues surrounding the application of 

both recovery routes at both pilot and industrial scale were addressed and a simple 

comparison of the expanded and conventional recovery routes investigated was made.

The following sections briefly describe the objectives addressed in each of the 

following chapters. The work is presented in the chronological order in which the 

work was conducted and approximately follows the method development plan 

outlined by Hjorth (1997). Each chapter has'its own introduction and conclusion, 

during which the major points arising from each section of the work are highlighted.

Chapter 2 reports on the reasons for the selection of the intracellular target enzyme 

(alcohol dehydrogenase, ADH) and source material {S.cerevisiae cell homogenate) 

used in this comparative study. The stability of the enzyme with respect to 

temperature, pH and source material was investigated. These factors were assessed in 

order to ensure that they did not introduce uncontrollable elements into the 

comparative study. The physical properties of the packed bed Sepharose™ matrix 

and prototype STREAMLINE™ matrix were also evaluated along with an
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assessment of the physical properties of the buffers and yeast solutions used in this 

work.

Chapter 3 presents some of the theory governing fluidisation, along with a review of 

methods for the assessment of solid-liquid mixing in fluidised beds. The expansion 

characteristics of the prototype STREAMLINE™ matrix used in this study are 

presented along with methods for the prediction of the expanded bed height. The 

latter forms an important part of process control of expanded bed operations and 

would be a crucial aspect of a scale-up operation. A comparison of the hydrodynamic 

conditions prevailing within packed and expanded bed columns was performed and is 

also reported.

Packed bed method scouting experiments for the selection of the most suitable 

adsorption mechanism for recovery of ADH are presented in chapter 4. The feed 

streams to these columns were clarified through lab-centrifugation and three different 

adsorption mechanism were evaluated for their relative merits in the capture of the 

target enzyme, alcohol dehydrogenase.

Results of work reported in chapter 4, identify hydrophobic interaction 

chromatography as the most suitable matrix for ADH recovery. Chapter 5 presents 

experimental data produced during pilot-scale runs, in which realistic clarification 

procedures were employed prior to lab and pilot-scale packed bed hydrophobic 

interaction chromatography. PEI flocculation and ammonium sulphate precipitation 

were used to enhance the centrifugal-based method for clarifying the homogenate 

prior to loading onto packed bed columns.

Chapter 6 describes the use of expanded bed adsorption for the recovery of ADH in 

the presence of cell debris and the scale-up of both the conventional and expanded 

bed adsorption routes is reported in chapter 7.

Chapters 8 and 9 respectively conclude the thesis by drawing out the major findings 

of the work and by presenting some suggestions for future work arising from the 

research.
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Finally some the system specific and generic findings resulting from a comparison of 

the packed and expanded bed recovery routes presented in this thesis are briefly 

discussed in Appendix A.
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2. Characterisation of chromatographic media, target enzyme and 

source material. 

2.1 Introduction.

As discussed in chapter 1, the main bottleneck to the application of solid-liquid 

fluidised beds to biological molecule purification processes, is the limited availability 

of commercial matrices, having significantly different fluidisation physical proprieties 

from the broth solids. A concomitant need for complex column equipment to facilitate 

workable fluidisation processes, slowed both research and development of such 

applications until the early 1980’s when new matrices became available.

This chapter examines one such matrix suitable for fluidisation and biological 

adsorption processes, concentrating on its physical properties rather than its 

fluidisation properties which are examined in detail in Chapter 3. The design of 

fluidisation processes also requires an understanding of rheological properties of the 

fluidizing solutions along with a characterisation of the physical properties of such 

fluids. These matters are addressed in this chapter.

The choice of target enzyme and source micro-organism used in this comparative 

study is discussed and the properties of the target enzyme, alcohol dehydrogenase and 

its source material, Saccharomyces cerevesiae are investigated in depth.

2.1.1 STREAMLINE'®'^ adsorbents for use in fluidised beds.

It has been demonstrated that conventional adsorbents, for example Sepharose™ Fast 

Flow, are not suited for use within fluidised adsorption processes due to their small 

size and low density differences between the solid and liquid phases (Draeger and 

Chase, 1991a) Larger particles with higher densities were required for use within 

fluidised beds and the STREAMLINE™ matrices were designed to fill this market 

niche. The STREAMLINE™ range of matrices (Pharmacia Biotech AB, Sweden) are 

purpose-designed adsorbents based on Pharmacia media chemistry for use within 

purpose-designed STREAMLINE™ expanded bed columns. Initially the matrix was 

only available with two functional groups DEAE (diethylaminoethyl, a weak anion 

exchanger) and SP (sulphopropyl, a strong cation exchanger). The physical properties

49



of these commercially available matrices are well defined (Frej et al, 1992) and 

summarised below;

• The adsorbent beads are spherical with a particle size distribution between 120 and 320pm

• The adsorbent is macroporous, crosslinked 6 % agarose, containing crystalline quartz as a core 
material.

• Mean particle density is 1150 kg/m^

• Adsorbent porosity is comparable to Sepharose™ 6  Fast Flow with an exclusion limit of <4*10^ 
Da for globular proteins

The matrices are also physically stable and autoclavable. Exposure to harsh cleaning 

reagents such as IM sodium hydroxide, 70%(v/v) ethanol and organic solvents, with 

the exception of oxidizing agents, are well tolerated.

The STREAMLINE™ matrix used in this study was not commercially available and 

only prototype matrices were available in small quantities. The STREAMLINE™ 

Phenyl (low substitution) matrix used was expected to have similar physical 

properties to the STREAMLINE™ DEAE and SP matrices as the different functional 

groups are coupled to the same STREAMLINE™ base matrix. However to fully 

characterise the fluidisation and adsorption characteristics of this prototype matrix it 

was necessary to investigate and compare its physical properties, not only with the 

commercially available DEAE matrix but also with the comparable packed bed matrix 

Phenyl Sepharose™ FF (low sub).

2.1.2 Choice of target enzyme and source material.

Comparison of different methods for the recovery of biological molecules requires a 

target molecule to function as a marker. The selection of such a marker is 

complicated by several factors. A comparative study such as this is more directly 

concerned with the production of generic purification information and methodologies 

rather than the production of a pure molecule. Thus the target molecule selected 

should possess properties that reflect some of the problems encountered across the 

spectrum of biochemical recovery operations such as shear sensitivity. Obviously it is 

not possible to address all the issues concerning the purification of, for example, an 

antibody by generating information on the purification of an enzyme, however useful 

information can still be gathered on many aspects of the recovery process that may be
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shared by both molecules. The selection of the enzyme Alcohol dehydrogenase as a 

target molecule from the yeast Saccharomyces cerevisiae was encouraged by the 

number of instances that the molecule had previously been used for the generation of 

generic information for other downstream processing unit operations such as 

homogenisation (Hetherington et a l, 1971), precipitation (Foster et a l, 1971) and 

centrifiigal recovery (Clarkson et a l, 1995).

The molecule is widely used in biochemical, medical and forensic sciences primarily 

for the determination of alcohol concentration (Bemt and Gutmann, 1974) and for

measuring NAD"*" concentration directly or in cycling methods. Various procedures 

for the preparation of ADH have been described (Kovar and Stejskal, 1985, Hayes 

and Velick, 1954). The enzyme has a molecular weight of 150,000 and is composed 

of four subunits each of molecular weight 36,000 (Kagi and Vallee, 1960) and has 

four tightly bound zinc atoms (Vallee and Hoch, 1955). There is an irreversible loss in 

activity below pH6 (Hoch and Vallee, 1956) and the subsequent loss of zinc is 

accompanied by a shift in molecular weight from 150,000 to 36,000 (Snodgrass et a l, 

1960) indicating that for ADH, the role of the zinc is the maintenance of the 

quaternary structure integrity.

The source material, Saccharomyces cerevisiae, was available as 1kg packed blocks 

(DCL, Crawley, UK) produced for use by bakers as a raising agent. Alcohol 

dehydrogenase is present within yeast at a relatively high concentration and the daily 

availability of large quantities of the packed blocks of yeast containing fairly 

reproducible levels of ADH, removed the need for performing fermentation prior to 

each chromatographic run. The yeasts are of growing importance in recombinant 

DNA technology with information produced in the processing of the wild type often 

proving invaluable to the recovery of recombinant enzymes or molecules produced in 

genetically engineered cells. Thus the selection of the enzyme and its source material 

for use in this comparative study enabled the generation of information that could be 

used to address many rDNA processing issues.
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2.2 Materials and methods.

2.2.1 Matrix particle size distribution.

The particle size distribution and mean particle diameter of the expanded and packed 

bed matrices investigated in this work were measured using a laser diffraction particle 

sizer (Model Malvern 3600E, Malvern, Worcestershire, UK). The light from a low 

power Helium-Neon laser at 633nm, was used to form a collimated and 

monochromatic beam of light, 1 cm in diameter. This beam of light was incident on 

particles suspended in solution in a magnetically stirred cell. The light subsequently 

scattered by the particles in the liquid, was collected onto a receiver lens which 

consisted of a series of 31 concentric annular rings which gathered the scattered light 

energy over a range of solid angles of scatter.

A time-averaged observation of the scattering of the particles as they passed through 

the analyser beam was recorded over a 5 second period with small particles scattering 

light to a much greater extent than larger particles. The results were returned directly 

as a volume size distribution

2.2.2 Matrix apparent density.

The apparent density of the STREAMLINE™ adsorbents was determined using the 

following procedure: A slurry of the STREAMLINE™ matrix (25mL, 0.75%(v/v)) in 

Dl-water was transferred into a measuring cylinder (50mL) and allowed to settle. The 

volume of the settled bed and the liquid above it were recorded and the mass of the 

cylinder and its contents weighed. Assuming a settled bed voidage of 0.4 combined 

with a knowledge of the density of water it was possible to calculate the apparent 

density of the matrix from the below equation:

M  —  -^ 5 + L  .

V. ■ ( , - *

where was the settled bed voidage, Vj was the volume of liquid above the settled 

bed and was the settled bed volume.
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2.2.3 Determination of liquid viscosity.

Liquid viscosity was measured using a rotational viscometer (Model Rheomat 115, 

Contraves Industrial Products Ltd, Middlesex, UK) fitted with a double gap, cup and 

bob measuring system. The measuring system was maintained at a constant 

temperature by means of a Haake re-circulating glycol/water bath. The speed of the 

measuring bob was increased froni 5 to 780 rpm, producing shear rates over the 

range 24.3 s"̂  to 3680 s'̂  in 15 discrete steps. The corresponding shear stress was 

measured via inductive torque measurements from the driving shaft. Sample viscosity 

was therefore determined as the ratio of shear stress to shear rate at different 

rotational speeds.

2.2.4 Determination of liquid density.

The density of solutions used in this work was measured using a specific gravity 

bottle (Technico, lOmL). The bottle was first calibrated by determining the true 

volume of the bottle for Dl-water at 25°C by weighing the bottle empty and re

weighing the bottle full with water. The increase in mass resulted in the true bottle 

volume. Determination of an unknown liquid density was subsequently measured by 

filling the bottle with the relevant solution and re-weighing to determine the mass of 

the contained volume.

2.2.5 Preparation of yeast homogenate

2.2.5.1 Small scale

For volumes of homogenate less than 300mL, packed blocks of Bakers’ yeast (DCL 

Ltd., Crawley, UK) were crumbled and suspended to 450g/L (wet weight) in buffer 

(O.IM KH2PO4, pH6.5). The whole cells were disrupted in a lab-scale high pressure 

homogeniser (Model Lab 40, APV Crawley, UK) for 5 discrete passes at 500bar(g). 

The capacity of the homogeniser was 40mL per pass with cooling provided by an 

external glycol loop wound around the valve housing.
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2.2.5.2 Medium scale.

When the required volume of homogenate lay between 1-lOL, the bakers’ yeast was 

made up to 280g/L (wet weight) in buffer (O.IM KH2PO4, pH6.5) and disrupted in a 

pilot-scale high pressure homogeniser (Model Lab 60, APV, Crawley, UK) fitted with 

a flat edge valve seat for 5 discrete passes at 500 bar(g). The flowrate of the cell 

suspension through the homogeniser was 60L/h and the capacity of the hopper 

feeding the homogeniser was 3L. The temperature was maintained at 5°C by cooling 

with glycol.

2.2.5.3 Large scale.

Large volumes of homogenate were prepared by suspending Bakers’ yeast to 280g/L 

as above and disrupting the whole cells in a pilot-scale homogeniser (Model K3, 

APV, Crawley, UK) fitted with a similar valve as the Lab 60. The flowrate through 

this machine was 280L/h and the homogeniser was operated in a continuous fashion. 

Temperature was maintained at 5°C by cooling with glycol.

2.2.6 OfT-line ADH Assay.

Alcohol dehydrogenase (ADH) activity was determined following the method of 

Bergmeyer (1979). ADH catalyses the below reaction:

Ethanol + ySNAD  ̂< - > Acetaldehyde + J3NADH + H^ 2.2

The formation of acetaldehyde from ethanol may be monitored by measuring the 

increase in absorbance at 340nm due to the formation of pNADH. The reaction 

mixture consisted of 600mM ethanol (Fluka), 1.0 mM glutathione (Sigma), 0.62mM 

semicarbazide HCl (Sigma), 1.8mM NAD"" (Sigma) in 50mM Tris HCl (Sigma) buffer 

at pH 8.8. Semicarbazide inhibits the reverse reaction.

One unit of enzyme activity is defined as the amount of ADH necessary to catalyse 

the conversion of Ipmol of ethanol to acetaldehyde per minute at 25°C. All assays 

were performed in 1cm path length cuvettes and the reaction was started by the 

addition of the enzyme. Potassium dihydrogen phosphate buffer (lOOmM, pH 6.5)
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was used to dilute samples to produce a linear change in absorbance less than 0.5 

A.U.min'\ Assays were performed in duplicate with a reproducibility of ±3.5%

2.2.7 Total Protein Assay.

Total protein concentration was determined using the Bradford assay (Bradford, 

1976). The assay is based on the shift in absorbance from 465nm to 595nm which 

occurs when Coomassie Blue G-250 dye binds to proteins in acidic solution. The 

colour change from pale orange to blue is relatively linear and thus permits quick and 

easy protein determination. In this study a commercially available dye was used (Bio

rad Protein Assay reagent. Bio-rad, Hemel Hempstead, UK).

Samples to be assayed were diluted to within the range 0.01 to l.Omg.mL'^ protein 

using potassium dihydrogen phosphate buffer at (lOOmM, pH 6.5). Reagent and 

dilute sample were added to the cuvette and the absorbance at 595nm read after 10 

minutes. A standard curve produced using bovine serum albumin (Sigma) for each 

batch of dye reagent, enabled protein determination to be made directly from the 

absorbance reading of the unknown sample. Assays were performed in duplicate with 

a reproducibility of ±5%

2.2.8 Automated ADH assay.

The characterisation of the stability of the enzyme ADH under different physiological 

conditions required a large numbers of assays to be performed over an extended 

period of time, often stretching to several days. A spectrophotometer (Model DU64, 

Beckman, Fullerton, California, USA) was fitted with a ImL volume flow-through 

quartz cuvette which was coupled to two automatic dilution units (Model 401Dilutor, 

Gilson, Middleton, USA) controlled by a sample changer (Model 222, Gilson, 

Middleton, USA).

The automated ADH assay system could be configured in a variety of different ways 

depending on the number of samples to be assays and the number of repeated assays 

per sample. In each case, sample (50pL) was added and mixed with ADH assay 

reagent (3mL) before being aspirated from a separate mixing tube and dispensed into 

the cuvette for assaying. One assay could be performed every 3 minutes. To check on
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reproducibility, one sample was repeatedly assayed using the auto-analyser system 

with a reproducibility of ±10%.

2.2.9 Characterisation of target enzyme.

2.2.9.1 Gel Filtration analysis of pure ADH.

Early method scouting for ADH stability, chromatographic adsorption, elution and 

media selection was performed using solutions of pure ADH (Sigma) in simple 

buffered solutions. An assessment of the purity and characterisation of the Sigma 

ADH was performed by gel filtration analysis on a Superdex 200HR 10/30 column 

(Pharmacia Biotech AB, Sweden). lOOjiL of a 5mg/mL solution of the enzyme 

(Batch no. 33H8005) in buffer (O.IM KH2PO4, pH6.5) was loaded onto the column 

at a flowrate of 0.5mL/min. The eluted peaks were detected by monitoring the eluent 

absorbance at both 280 and 254nm using two UV monitors (Model UV-1, Pharmacia 

Biotech AB, Sweden).

The column was calibrated by measuring the elution volume of each of 8 standard 

proteins available in Low and High Molecular Weight Calibration Kits (Pharmacia 

Biotech, AB Sweden). Standard proteins (lOOjiL) at a concentration of Smg/mL was 

individually loaded onto the column at 0.5mL/min

The void volume of the column was evaluated by measuring the elution volume of a 

pulse of a Img/mL solution of Blue Dextran 2000 (lOOpL) and the packing efficiency 

or plate height was checked using a pulse injection of 0.25% (v/v) Acetone (lOOpiL).

2.2.9.2 Stability of ADH as a function of time.

An initial sample of a 280g/L solution of whole yeast in buffer (0. IM KH2PO4 , pH7) 

was homogenised for 5 passes at 500 bar(g) using the Lab 40 homogeniser and 

diluted until the enzyme rate was approximately equal to 0.5 AAbs34o/min. The 

stability of alcohol dehydrogenase in the diluted solution of yeast homogenate was 

measured as the enzyme’s half-life by repeated assaying of the sample using the ADH 

auto-analyser over a period of 200 hours.
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2.1.9.3 Stability of ADH as a function of pH.

The stability of the commercially available pure ADH from Baker’s yeast was 

evaluated at 8 different pH values over the range pH2 to pH9 in 0.02M KH2PO4 . The 

concentration of the enzyme at the various buffer pH’s was approximately 

0.01mg(ADH)/mL(buffer) such that the rate was approximately 0.5 AAbssWmin. The 

solutions were assayed continuously over a period of 15 hours using the ADH auto

analyser.

2.2.9.4 Stability of ADH in different buffered solutions.

The stability of alcohol dehydrogenase was further assessed as a function of time from 

the following solutions:

• Sigma pure ADH in 0.02M KH2PO4 , pH7.

• Sigma pure ADH in 0.02M KH2PO4  and 0.78M (NH4)2 S0 4  pH7.

• ADH in diluted clarified yeast homogenate in 0.02M KH2PO4 , pH7.

• ADH in diluted clarified yeast homogenate in 0.02M KH2PO4 , pH7 and 0.78M (NH4>2 S0 4  pH7.

• ADH in diluted yeast homogenate in 0.02M KH2PO4 , pH7.

•  ADH in diluted yeast homogenate in 0.02M KH2PO4 , pH7 and 0.78M 0 ^ ) 2 8 0 4  pH7.

The above solutions were chosen to allow an examination of the effect of increasing 

levels of contaminating protein, on the activity of ADH within clarified and unclarifed 

solutions. Ammonium sulphate is know to affect the activity of some enzymes 

(Scopes, 1994) and so this was included in the assessment of long-term enzyme 

stability.

In all cases, the solutions were diluted until the rate of the enzyme was approximately 

0.5 AAbs3 4o/min. Clarification of the homogenate was performed using a J2-M1 

Centrifuge (Spinco, Beckman Instruments, Pan Alto, California, USA) with a JA-18

fixed angle rotor at 36,000g for Ih. Solutions were brought to 0.78M Ammonium

sulphate by the addition of appropriate volumes of a 100% saturated solution 

(-3.9M) of the salt and fiirther diluted with 0.78M solutions of the same salt. The 

ADH level in the above solutions was assayed over a 150 hour period using the ADH 

auto-analyser.
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2.3 Results and discussion.

2.3.1 Comparison of physical properties of SREAMLINE expanded bed 

matrices and Sepharose’*’̂  FF packed bed matrices.

The apparent adsorbent density, mean particle size and particle size distribution on a 

volume basis for the prototype STREAMLINE™ Phenyl (low sub) adsorbent, are 

presented in Table 2.1, against the same properties for the packed bed matrix Phenyl 

Sepharose™ FF (low sub). The particle size distribution for the two different types of 

matrices are also illustrated graphically in Fig.2.1 and clearly demonstrate the 

increased mean particle diameter and range of particle size for the purpose designed 

STREAMLINE™ matrix over the Sepharose™ matrix. The size distribution 

characteristics for both matrices, are similar to those encountered in the literature 

where such physical properties have also been measured (Chase and Chang, 1993).

Adsorbent Particle size Mean particle size Adsorbent density

type distribution (pm) ( îm) (kg/m^)

STREAMLINE™

Phenyl 131-236 188 1112

Phenyl

Sepharose^''^ FF 18-130 84.5 1120

(low sub)

Table 2.1. A comparison o f the physical properties o f the prototype matrix 
STREAMLINE^^Phenyl (low sub) with those o f the packed bed matrix, Phenyl

Sepharose FF (low sub).

The manufacturer of the STREAMLINE™ matrices, Pharmacia Biotech, quote the 

adsorbent particle size range for the commercially available DEAE and SP matrices as 

lying between 100 and 300 pm with a mean at 200pm (Hjorth et a l, 1995). This is 

obviously an idealised size range as experience has shown that every batch of both the 

commercially available and prototype STREAMLINE™ matrices used in this work 

have possessed physical properties deviating from the manufacturers specifications to 

a greater or lesser extent.
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Fig.2.1 Particle size distribution of the prototype expanded bed matrix
STREAMLINE™-Phenyl (low sub) compared with the size 
distribution of the packed bed matrix Phenyl Sepharose FF (low 
sub). The expanded bed matrix was observed to have both a larger 
average mean particle size and a wider distribution of particle sizes 
when compared to the Sepharose matrix
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Earlier batches of the prototype matrix required élutriation, the removal of very small 

fine adsorbent particles, to produce a sharp boundary between the surface of the 

expanded bed and the fluidising liquid at comparatively low flowrates. The 

requirement for occasional élutriation has been observed in the literature (Chang and 

Chase, 1996) and is recommended by the manufactures if the matrix has experienced 

excessive shear forces produced by aggressive stirring of the matrix.

The density of the STREAMLINE™ matrix as measured using the approach 

described in section 1.2.2 of 1112 kg/m^ is lower than the reported density of other 

STREAMLINE™ matrices, for example the DEAE matrix of 1180 kg/m^ (Chase and 

Chang, 1993). This may be a property of the prototype matrix itself but may also 

reflect an inherent problem in the method adopted for the measurement of the matrix 

density. The method used relies on the assumption of a settled bed voidage, in this 

case taken to be 0.4. For a settled bed this voidage is difficult to measure 

experimentally. The same voidage was used for both the STREAMLINE™ settled 

bed voidage as with the Sepharose™ matrix. The differences in particle size and 

settled particle orientation may suggest that the same voidage should not be used to 

describe the void fraction in both instances. However in the absence of a better 

method for the determination of the matrix density, the error introduced was deemed 

acceptable.

2.3.2 Physical properties of glycerol solutions.

The viscosity and density of a series of glycerol solutions in Dl-water were 

determined at two temperatures 4 and 20°C and the results are presented in Table 

2.2. The glycerol solutions were prepared both for use in the subsequent 

hydrodynamic studies on the expanded bed, the results of which are detailed in 

Chapter 3, but also as a check on the accuracy of the rheometer for the measurement 

of solution viscosity.
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Glycerol

Solution

%(v/v)

Viscosity

4°C

(mPas)

Density

4°C

(kg/mO

Viscosity

20°C

(mPas)

Density

20°C

(kg/m )̂

5 1.769 1018 1.308 1015

10 2.121 1032 1.526 1029

15 2.531 1047 1.658 1043

20 3.199 1063 1.964 1058

30 4.767 1089 2.789 1084

40 8.268 1120 4.615 1114

50 14.353 1147 7.511 1141

Table 2.2 Physical properties o f glycerol stock solutions at 4°C and 20°C

2.3.3 Physical properties of Baker’s yeast homogenate suspensions.

The physical properties of a series of yeast homogenate dilutions in either ammonium 

sulphate buffer (0.78M (NH4 )2 S0 4 , 0.02M KH2PO4 , pH7) or phosphate buffer (0.02 

M KH2PO4 , pH7) only, were measured and are presented in Table 2.3. Fluids may be 

described as Newtonian or non-Newtonian depending on whether their flow 

characteristics obey Newton’s law of viscous flow. In a Newtonian fluid the shear 

stress is proportional to the shear rate producing a straight line plot with the slope of 

the line equal to unity. A plot of the shear stress vs. shear rate for the yeast 

homogenate solutions in ammonium sulphate buffer (Fig.2.2) produced a series of 

straight lines having slopes less than unity,indicating that the solutions tested were 

non-Newtonian in nature and were specifically pseudoplastic or shear thinning.

Both Tables 2.2 and 2.3 illustrate the dependence of viscosity and density on the 

temperature of the solution. The temperature at which expanded beds are operated is 

an important consideration, as lower temperatures will produce solutions possessing 

higher viscosities and densities, resulting in a greater degree of bed expansion for a 

given flowrate. The implications of this on column operation and performance will be 

discussed in later chapters.

61



100000

0 — 40 mg(protein)/mL 
A —  30 mg(protein)/mL 
V — 20 mg(protein)/mL 
♦ — 10 mg(protein)/mL 
A — 5 mg(protein)/mL 
* — 0.78M AmS04 buffer

10000

CO
CL
E
(O
(/)
2 1000
(/)
L_
CO
(D
JZ
(/)

100

100 1000
Shear rate (s"̂ )

Fig.2.2 Rheogram, illustrating the effect of shear rate on the shear stress of 
a series of dilutions of yeast homogenate in ammonium sulphate 
buffer. The results indicate that the yeast homogenate solution 
investigated were shear thinning or pseudoplastic in nature.
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Homogenate 

dilution. TP* 

(mg/ml)

Viscosity 

SO4  buffer 

4°C (mPas)

Density 

SO4  buffer 

4°C (kg/m")

Viscosity 

PO4  buffer 

4°C (mPas)

Density 

PO4  buffer 

4 X  (kg/m")

0 1.78 1072 1.56 1015

5 1.96 1074 1 . 8 8 1018

1 0 2.29 1077 2.04 1 0 2 1

2 0 3.18 1083 2.76 1029

30 4.53 1089 3.91 1036

40 7.09 1097 5.35 1041

Table 2.3. Physical properties o f Baker’s yeast suspensions in either phosphate or 
ammonium sulphate buffer, diluted to different levels o f protein concentration. *TP

refers to total protein.

2.3.4 Characterisation of target enzyme, alcohol dehydrogenase.

2.3.4.1 Gel filtration analysis of pure ADH.

The void volume of the Superdex 200HR 10/30 column used to assess the quality of 

a sample of pure ADH (Sigma) was measured as 9.4mL compared to a total column 

volume of 24mL. The efficiency of column packing was determined by a pulse 

injection of dilute acetone and found to be 36,739m’̂  which is greater than the figure 

of 30,000m'^ suggested by the manufacturer (Pharmacia Biotech AB, Sweden) 

indicating that the column was very well packed and capable of high resolution 

separations. The elution volumes of the 8 calibration proteins loaded onto the column 

were measured and plotted as the parameter Kav versus log(molecular weight) to 

allow the determination of the molecular weight of an unknown sample. The elution 

parameter Kav is given as:

=
Ve-Vp 2.3

where Ve is the elution volumn, Vo the void volume and Vt the total column volume. 

Fig.2.3 is a plot of the Kav values for the 8 proteins versus log(molecular weight), 

more commonly referred to as the selectivity curve. Fig.2.4 illustrates the 

chromatogram resulting from the injection of the sample of pure ADH indicating that
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Fig.2.3 Selectivity curve for the elution of eight standard molecular weight
marker proteins loaded onto a Superdex 200HR 10/30 column.
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Fig.2.4 Gel filtration analysis of a lOOgLsample of pure ADH (Sigma) 
loaded onto a Superdex 200HR 10/30 column. The large eluted 
peak is the tetrameric enzyme ADH while the smaller peak, eluted 
shortly after, is thought to be comprised of individual subunits.
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sample loaded onto the column was of high purity with one major peak of 

approximate molecular weight 148kDa. A second peak corresponding to the 

individual sub-unit of the main tetrameric ADH was detected and found to have a 

molecular weight of 40.5kDa. Thus a small proportion of the pure enzyme supplied as 

a lyophilised powder was denatured into the individual sub-units probably during the 

process of lyophilisation. The measured molecular weight of ADH was close to that 

reported in the literature of ISOkDa (Magonet et a l, 1992).

2.S.4.2 Stability of ADH as a function of time.

A 280g/L yeast cell suspension was homogenised using the Lab 40 homogeniser and 

diluted approximately 80 fold until the ADH rate was equal to 0.43 A Abs340/min 

with a total protein level of 0.4mg/mL. The stability of the ADH from this solution 

was measured by following the decrease activity of the enzyme over a period of 200h 

at a temperature of 4°C (Fig.2.5.). An exponential decay curve was fitted to the data 

and the stability of the enzyme represented as the enzyme half-life was found to be 

approximately 27.8h.

The decrease in activity of the enzyme is thought to be primarily due to the presence 

of proteases released into free solution during cell disruption. The longer the enzyme 

remains exposed to such degredative species the more quickly the levels of the 

enzyme and overall process yields will drop. Speed of processing is therefore an 

important issue in determining the number and type of unit operations in any 

purification chain. Temperature is also of paramount importance. Enzyme reaction 

rates, like almost every chemical process, increase with temperature, typically by a 

factor of between 1.5 and 2.5 for every 10°C (Scopes, 1994). An increase in 

temperature to say 25°C could result in a four-fold increase in the rate of ADH 

degradation via proteolysis reducing the half-life to approximately 6.5 hours. For this 

reason, most purification schemes are operated at around 4-5°C.

Proteolytic degredation may not be the only cause of enzyme deactivation. Other 

possible causes include long term oxidation through exposure to the atmosphere. 

Without further experimentation, no one cause may be solely attributed and it may be 

the case that several degredative processes were occuring.
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Fig.2.5 Decrease in the activity of ADH within diluted yeast homogenate 
maintained on ice at 4°C as a function of time. The homogenate 
was diluted to ~0.5U/mL with phosphate buffer (0.02M KH2PO4, 
pH7).prior to the start of the experiment.
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2.3.4.3 Stability of ADH as a function of pH.

The effect of pH on the stability of pure alcohol dehydrogenase solutions was also 

evaluated as a function of time. The decrease in ADH activity was determined 

between pH2 and pH9 over a period of 14 hours. Fig.2.6. illustrates the effect of pH 

on the stability of the enzyme with the smallest decrease in the level of ADH 

occurring at pH7. Mildly acidic pH’s below the pi of the enzyme, 5.4, resulted in the 

biggest decrease with a total loss in enzyme activity at pH2, pH3 and pH4 during the 

first measuring interval of 30 minutes. The narrow range of pH stability of this 

enzyme placed further constraints on the design of purification schemes for the 

enzyme.

2.3.4.4 Stability of ADH in different buffered solutions.

The decrease in the rate of enzyme activity as a function of source material and time 

for phosphate buffer only, is shown in Fig.2.7. Each point on each plot is an average 

of 5 repeated assays with a standard deviation of ±10%. It can be seen that the 

solution of pure ADH in phosphate buffer at pH7 (Fig.2.7a.), was the most stable of 

the three source material investigated with no discernible decrease in the rate of the 

enzyme over 200 hours. However the rate of activity loss within a solution of 

clarified and unclarified yeast homogenate, (Fig.2.7b & Fig.2.7c) illustrated a 

decrease in activity similar to that shown in Fig.2.5. In both cases an initial decrease 

in enzyme activity by approximately half over the first 24 hour period, was followed 

by a period of constant residual activity.

The presence of ammonium sulphate at a concentration of 0.78M or 20% saturation 

on the stability of the same enzyme solutions is illustrated in Fig.2.8. The most 

striking difference between Fig 2.8 and Fig.2.7 is that in all three samples, pure, 

supernatant and homogenate, there is no major decrease in the activity of the enzyme. 

Also, despite the sulphate solutions being diluted to the same initial level of ADH and 

total protein as the phosphate samples, the initial activity the enzyme at time zero is 

considerably higher. This activation of the enzyme in the presence of sulphate ions 

was a consistent feature of such solutions throughout the whole of the study. The 

exact mechanism for enzyme activation remained unclear.
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Fig.2.6 Effect of pH on the activity of pure ADH at 4°C in buffer (0.02M 
KH 2PO4) as a function of time.
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Fig.2.7 Long term activity of ADH in different source materials, in 
phosphate buffer (0.02M, pH7), as a fonction of time. As the 
concentration of contaminating species increased, the rate of 
decrease in ADH activity increased.
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Fig.2.8 Long term activity of ADH in different source materials, in 
ammonium sulphate buffer (0.78M (NH4 )2 S0 4 , 0.02M KH2PO4 , 
pH7), as a function of time. As the concentration of contaminating 
species increased, the rate of decrease in ADH activity increased). 
In comparison to the phosphate buffer system, the rate of decrease 
in enzyme activity was less pronounced.
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2.4 Conclusions.

The physical properties of the prototype STREAMLINE™-Phenyl matrix were found 

to be similar to those reported in the literature for similar STREAMLINE™ matrices, 

for example STREAMLINE™-DEAE and -SP. The mean particle size and particle 

size distribution of the expanded bed STREAMLINE™ matrix were found to be 

larger than the corresponding values for the packed bed Sepharose™ matrix which 

again corresponded well to similar studies in the literature.

An examination of the properties of the target enzyme ADH, illustrated some of the 

complex issues that must be considered in the design of a biological recovery process. 

The classic effects of pH and temperature on the rate and half-life of the enzyme were 

assessed along with the degredative effects of the presence of proteases released into 

solution during cell disruption on the levels of the enzyme, highlighting the need for 

speed and low temperatures during processing. The stabilising effect of ammonium 

sulphate buffer on the enzyme was also investigated.

The physical properties of yeast homogenate solutions in two different buffers 

systems were measured for use in characterising the fluidisation of the matrix and 

assessment of the flow through columns containing such matrices. This forms the 

main subject of the following Chapter 3.
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3. Characterisation of the internal flow hydrodynamics in expanded 

and packed bed adsorption columns. 

3.1 Introduction.

In Chapter 1 the difference between a classical fluidised bed and an expanded bed was 

briefly introduced and the unsuitability of traditional packed bed matrices for use 

within fluidised or expanded beds was highlighted. This was developed further in 

Chapter 2. The current chapter discusses the flow conditions prevailing in purpose- 

designed STREAMLINE™ expanded beds and compares the conditions encountered 

with those obtained in fixed beds packed with Sepharose™type matrices.

Bed expansion tests on the STREAMLINE™ matrices involved in this study were 

conducted as a function of linear flowrate for a variety of process liquids. The 

transient behaviour of such beds on exposure to liquids having different physical 

properties was also examined and will be discussed in the context of industrial 

operation.

Solid-liquid mixing is of great importance in adsorption operations and the degree of 

mixing within the expanded bed was evaluated for different process liquids using 

residence time distribution (RTD) experiments. RTD experiments were also 

performed on the packed beds used in this work. The extent of mixing, expressed in 

terms of axial dispersion in both fixed and expanded bed configurations, was 

measured and assessed.

Some of the relevant fluidisation theory and equations governing bed expansion and 

solid-liquid mixing in packed and expanded beds are reviewed and presented in the 

following sections.

3.1.1 Properties of liquid-solid fluidised systems.

When a fluid flows downwards through a bed of solids supported by a distributor net, 

no relative movement of solids occurs provided the initial orientation of the solids is 

stable. Under laminar flow conditions, the pressure drop across the bed will be
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directly proportional to the flowrate, rising more rapidly at higher flowrates especially 

if the solids are compressible.

If fluid passes upwards through the same bed of solids, unconstrained at the upper 

surface, a different response is seen. At low flowrates the pressure drop across the 

bed will be the same as for downward flow. However when the frictional drag on the 

solid particles becomes equal to their apparent weight, then the particles are free to 

re-orientate themselves in order to offer the least resistance to the flow of fluid and 

the bed starts to expand. As the flowrate is increased this expansion increases while 

the fnctional force remains equal to the weight of the particles until the bed has 

achieved the loosest stable form of packing. A fiirther increase in the flowrate causes 

the individual particles to separate from each other and become freely supported in 

the fluid. The bed is then said to be fluidised with the point at which this transition 

occurs referred to as the minimum fluidisation velocity (Coulson and Richardson, 

1991).

A further increase in the flowrate above the minimum fluidisation velocity results in 

an increase in the degree of expansion between the particles while the pressure drop 

across the column remains approximately equal to the weight per unit area of the bed.

The upper working flowrate of a fluidised bed is defined by the point at which particle 

elutraition occurs. Solids that are elutriated from the fluidised bed must be re-cycled 

to the column to maintain steady state operation. This upper limit to fluid flow is 

approximated by the free fall or terminal velocity of the particles which is a function 

of their size and density.

3.1.2 Effect of fluid velocity on pressure gradient in a fluidised bed.

In a fluidised bed the factional force on the particles must be equal to the effective 

weight of the bed (Coulson and Richardson, 1991). Therefore in a bed cross sectional 

area Ac, depth H, and voidage e:

-  àPA, = (1 -  f)(p, -  3.1
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where AP is the additional pressure drop due to the buoyant particle weight and the 

voidage e is defined as:

f  Volume of adsorbent^  ̂ ^
V Volume of bed )

In fixed beds under laminar flow conditions, the Carman-Kozeny equation can be

used to relate fluid velocity u and bed voidage e:

g ' -APdl
a = 0.0055- - r  3.3

(1 -g ) Mff

In a fluidised bed where the buoyant weight of the particles is opposed by the 

fnctional drag then substituting from Eq.3.1 for -APinEq.3.3:

a = 0 .0 0 5 5 7 - ^  —  3.4
(!-«■) M

3.1.3 Minimum fluidisation velocity of a particle.

When the particles in an unconstrained bed are just freely supported by the upward 

flow of fluid, the voidage in the bed is given by . This voidage will not be known

a priori and is difficult to measure but is often taken as 0.4. The minimum fluidisation 

velocity corresponding to this voidage is given by:

V  K{p^-p)sa„^= 0 .0 0 5 5 7 - -   — 3.5

Eq.3.5 is based on the Carman-Kozeny equation and as such is limited to situations 

where flow is laminar with low Reynolds numbers (<0.1). This restricts the use of the 

equation to small particles. Setting equal to 0.4 yields:

u .  = 0.0059-^ '-  ' 3.6
p
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For particles too large for laminar flow to occur at the minimum fluidisation velocity, 

the Ergun equation can be employed to describe the pressure gradient in the bed;

Z ^ = 1 5 0 ( l z ^ ^ + , 7 5 Û ^ f l  3.7
H  d]

With the voidage set to e q u a l a n d  substituting - A f  from Eq.3.1, Eq.3.7 can be 

expressed in terms of û j- and simplified to give:

f{p ,-p )gd], _ _ ^J \ - s ^ ) u ^ d ^ p   ̂ g
= 150- 3 "  +

f { p . -p )g d l_  u ^ d p
 ; IS the Galileo number and ---------

number, Eq3.8 becomes:

Since ------—;----- - is  the Galileo number and  — a form of the Reynolds

Ga = 1 5 0 i l ^ R e ^ + ^ R e ^  3.9

in which form many correlations for the minimum fluidisation velocity are found in 

the literature (Wen and Yu, 1966).

3.1.4 Terminal velocity of a particle.

The upper limit of fluidised bed operation is governed by the terminal velocity of the 

solid particles within the bed. If a spherical particle is allowed to settle under gravity, 

its velocity will increase until it reaches a steady state velocity. For low Reynolds 

numbers, Re<0.2, the terminal velocity (ut) is given by the Stokes Equation:

This equation may be used to predict terminal velocities provided the settling is not 

affected by the presence of other particles in the fluid. Several authors have 

successfully matched experimental terminal velocities with those obtained from the
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stokes equation for chromatographic matrices similar to those in this study (Thommes 

et al 1995, Chase and Draeger, 1992b, Chang et al 1995).

3.1.5 Richardson and Zaki, velocity-voidage relationship.

The relationship between superficial liquid velocity, u, and voidage 8 in a fluidised bed 

is well described by the equation:

—=<?” 3.11
w,

This relationship was first used by Lewis et al (1949) but is now usually associated 

with Richardson and Zaki (1954) who showed via dimensional analysis that for 

monosized particles, the parameter, n, should depend only on wall effects for both 

laminar and turbulent flow conditions, and on both wall effects and the free falling 

particle Reynolds number. Ret, (based on the diameter and free fall velocity of a single 

particle) in the intermediate flow regime.

They obtained experimental results of these functional dependencies for systems 

consisting of uniform spherical particles, in the presence and absence of significant 

wall effects. Their results, which allow for the determination of the parameter n for a 

given Reynolds number are presented in Equations 3.12, 3.13 and 3.14.

«=4.65+19.5-f forRet<0.2 3.12

n= f 4.35+17.5-f Re;®"' for0.2<Ret<l 3.13

4.45+18-^ Re;"* forl<Ret<200 3.14

The simplicity of Eq.3.11 and its wide range of applicability is most satisfying from a 

practical point of view as it remains after 40 years since publication the basis for both 

empirical and theoretical analysis of fluidised bed behaviour.
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3.1.6 Prediction of bed expansion

Using the Richardson-Zaki Equation it is possible to predict the expansion of a 

fluidised system. Values for the parameter n, can be derived from the above equations 

whilst terminal velocities for the particles comprising the fluidised system can be 

estimated from Stokes Law. Alternatively, if experimental data is available both Ut and 

n, can be derived from a plot of log(u) against log(e). The intercept of this plot on 

the y-axis, log(u) is log(ut) while the gradient of the line gives n.

For a given adsorbent bed, the total volume of adsorbent is a constant in either a 

settled or expanded mode:

3.15

The voidage at any expanded height can be estimated by:

s= \-{ \-s^ )-— 3.16

Therefore the expanded bed height can be estimated by combining Eq.3.15 and 

Eq.3.11 to give:

= (1 -  S,) I 3.17

1 -

\ u j

3.1.7 Solid-liquid mixing in expanded beds.

A thorough understanding of the hydrodynamics prevailing within chemical and 

biological unit operations is an essential part of their design and subsequent scale-up. 

It is therefore highly desirable to be able to quantify the degree of mixing within such 

units and to isolate and define any causes of decreased hydrodynamic stability that 

may exist for example, channelling, recycling or dead zones. Such hydrodynamic 

studies are usually restricted to two idealised flow patterns, plug flow and mixed 

flow. In reality, many units never fully follow these flow patterns with deviations from
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the ideal cases, caused by the previously mentioned channelling or recycling 

phenomena lowering the performance of the unit.

Many different approaches for assessing the hydrodynamics within fluidised beds have 

been adopted in the literature. Some authors have concentrated on the use of bed 

expansion characteristics (Rao & Prakash, 1982, Fan & Kawamura, 1985), others 

have used pressure drop measurements (Yutani et al., 1982, Wen & Yu, 1966) whilst 

others have measured pressure fluctuations (Fan et a l, 1993). However the most 

widely employed method for measuring the deviation from non-ideal flow is the use 

of residence time distribution (RTD) experiments (Chung & Wen, 1968, Kikuchi et 

a l, 1984, Tang & Fan, 1990, Thommes et a l, 1995). The following section will 

cover the basic principles of RTD theory and practice and review some of the 

applications encountered in the literature and how the measurements can be used to 

describe the flow conditions prevailing in fluidised systems.

3.1.8 Residence time distribution theory.

Theoretically it is possible to measure deviations from ideal flow by measuring fluid 

velocities throughout the contents of a given unit, thereby obtaining a complete 

velocity distribution profile. However it is often impractical or impossible to use this 

approach. In the case of a flow-through unit, such as packed or expanded beds, all 

that is required is knowledge of the age distribution or residence time distribution of 

the elements of fluid exiting the unit. This information can be easily obtained using 

stimulus-response techniques (Levenspiel, 1979).

Stimulus-response techniques involve the introduction of a tracer at some point in the 

vessel, usually the inlet, and the observation of the subsequent response at some point 

downstream of the point of introduction, often the outlet. The distribution of 

residence times is obtained from the response and a suitable model for the flow can be 

selected by matching the experimental data with that obtained from mathematical 

models.

The selection of an appropriate tracer for use in RTD studies has been thoroughly 

reviewed in the literature (Shah, 1979) and the basic requirements of a suitable tracer 

for a biological system can be expressed as follows:

79



• the tracer should be miscible having physical properties resembling the fluid stream 

under study

• the tracer should be accurately detectable in small quantities so that its 

introduction should not affect the flow of the main fluid stream

• the tracer should be inert

• the background concentration of the tracer should be zero

• the tracer, detection equipment and other ancillary equipment should be 

inexpensive.

By these definitions an ideal tracer can be thought of as having identical properties as 

the fluid being studied, but being sufficiently different in some non-flow property that 

it can be readily detected.

Any number of input tracer signals may be used as a stimulus for example pulse, step, 

ramp or cyclic. Although the same information can be obtained from the different 

types of input, cyclic ones requires considerable mathematical manipulation. As a 

result pulse, imperfect pulse and step stimuli are most commonly used.

3.1.9 RTD function and characteristics.

Following the terminology of Levenspiel (1979) when an idealised instantaneous 

pulse of tracer is injected into an inlet stream, then the normalised response curve is 

called the C curve. For a closed system the C curve gives the exit age distribution 

curve E, or the RTD directly. The normalised response to a step input of tracer is 

referred to as the F curve and the F curve is related to the E and C curves by:

F(t) = £  E(t)(& = £c(tX ( 3.18

Two mathematical concepts can be used to characterise the distribution by simple 

numerical values. The first measure is the location of the first moment about the 

origin which gives the mean residence time:
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JtC(t)dt
\f(t)dt S c ,  A/,

The next most important descriptive quantity is the spread of the distribution or the 

second central moment which is measured as the variance;

3.1.10 Models for non-ideal flow.

A large number of models exist for the description of non-ideal flow within vessels. 

These models can largely be grouped into two categories, dispersion models and 

stage-wise models. The dispersion models draw an analogy between mixing in actual 

flow and a diflusional process. The stage-wise models represent flow as being 

through a chain or network of ideal mixers. Models can range in complexity from one 

parameter models which adequately describe flow in packed beds to two-six 

parameter models which may be used to represent fluidised beds.

Levenspiel (1972) and Shah (1979) have presented detailed reviews of the many 

different models of varying complexity for non-ideal flow. Whilst complicated models 

may improve the description of the actual RTD curve, they may not do so to a degree 

that justifies the added complexity of the model (Swaine & Daugulis, 1988). In 

practise it is desirable to use the simplest model which permits a good representation 

of the experimental data. Below are two of the simpler, one parameter models used in 

this work to describe the conditions within chromatographic packed and expanded 

beds.

3.1.10.1 Axial dispersion model.

The axial dispersion models characterise mixing by a one dimensional Ficks-law type 

diffusion equation. The assumption that all mixing processes follow a Ficks-law 

equation, irrespective of the type of mixing becomes increasingly invalid, as the 

degree of back-mixing increases. However the model is simple and for small
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deviations from plug flow it adequately characterises systems such a packed beds with 

a single parameter.

For molecular diffusion in the x direction the governing differential equation is given 

by Picks law:

where 3  is the coefficient of molecular diffusion. In an analogous manner the 

backmixing of fluid in the x direction may be described by a similar equation:

f-f
where the parameter D is referred to as the axial or longitudinal dispersion 

coefficient. Radial mixing is often not of great concern as axial mixing is mainly due 

to fluid velocity gradients, whereas radial mixing is solely due to molecular diffusion.

Expressing Eq.3.23 in dimensionless form where z = - —- —-and ^  = y  = — then 

Eq.3.22 becomes:

æ f D W c  æ

where is referred to as the vessel dispersion number or —  where Pe is the

Peclet number j  and L is the characteristic length which in the case of 

chromatography columns, is often taken as the packed bed height.

Thus the value of the longitudinal Peclet number denotes the degree of mixing. If Pe 

= 0 then the system is perfectly mixed with large dispersion, while if Pe = co then 

there is negligible dispersion in the vessel and hence plug flow . For small amounts of 

dispersion, in open or closed vessels with appropriate boundary conditions, Eq.3.23 

can be solved to give the symmetrical C curve:
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Q  = — I \ exp
2J7r\

(  \

3.24

which represents a family of normal, gaussian or error curves with dimensionless 

variance:

Limitations to the axial diffusion model include the methods of measuring the tracer 

concentration. This significantly affects the shape of the C curve as does the method 

of tracer introduction. The selection of proper boundary conditions can also be an 

issue.

3.1.10.2 Tanks-in-series model.

The other one parameter model representing non-ideal flow is the tanks-in-series 

model. Here the fluid is considered to flow through a series of equal sized ideal stirred 

tanks, the degree of mixing being represented by the number of tanks, N. The larger 

the number of tanks the lower the overall degree of mixing and in the limiting case of 

an infinite number of tanks, plug flow prevails.

The C and E curves and moments for this models are easy to obtain as problems with 

methods of tracer input, measurement and boundary conditions do not intrude. The C 

or E curve for N tanks-in-series is found by a material balance:

The dimensionless variance of the family of curves generated by the above equation 

is:

2 1
( ^ 0 = —  3.27
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The m ajor disadvantage o f  the tanks-in-series model is its limitation to situations 

where N<50 due to the magnitude of numbers generated in Eq.3.26.

For large numbers of N, the RTD curve becomes increasingly symmetrical and 

approaches the normal curve in Eq.3.24 for the axial dispersion model. It is possible 

to relate the tanks-in-series model to the axial dispersion model by equating the 

variances of the models C curves. Equating the variances in such a manner breaks 

down with significant amounts of back-mixing. Whilst the C curves may have equal 

variances they may not have exactly the same shape and thus provide different 

predictions of performance. For small degrees of back-mixing, equating the variances 

does provide an accurate means of comparing the models, resulting in:

Pe
N  = —  3.28

Bamfield-Frej et a l (1997), used the equation of variance to describe the flow in 

STREAMLINE™ expanded beds, although Levenspiel (1962) cautions against the 

use of such methods without careful consideration of the back-mixing involved.

3.1.11 Short cut method for the variance of an RTD curve.

When the longitudinal Peclet number (uL/D) is large a short cut method exists for the 

calculation of the variance of the RTD curve direct from the F curve (Levenspiel, 

1972). This short cut relies on the fact that when (uL/D) is large and the C curve 

approaches that described by Eq.3.24, then the corresponding F curve, when plotted 

on probability paper, lies on a straight line. Finding the variance is then a simple 

procedure, resulting from the following property of a curve of normally distributed 

data points: one standard deviation, <j, either side of the mean of the curve includes 

approximately 68% of the total area under the curve. Hence the 15 .85^ and 84.15^ 

percentile points of the F curve are two standard deviations apart. This is the method 

widely recommended by Pharmacia Biotech AB, the manufacturers of the expanded 

bed system used in this study for the determination of N and crfor their 

STREAMLINE™ equipment and matrices (Bamfield-Frej et al, 1997).
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3.2 Materials and methods.

The systems under study consisted of a 0.05m diameter STREAMLINE™ (ST-50) 

expanded bed and a 0.05m diameter XK50/40 packed bed. RTD characteristics were 

performed on several different diameter packed beds used in this study, however only 

the results generated for the XK50 packed bed are considered alongside the ST-50 

expanded bed in this chapter. RTD calculations for the different sized packed columns 

were primarily conducted to evaluate the efficiency of colunm packing rather than the 

determination of dispersion coefficients and other mixing parameters.

3.2.1 Experimental apparatus.

The experimental set-up is shown schematically in Fig. 3.1.

3.2.2 Column packing-ST-50 STREAMLINE™ expanded Bed

A peristaltic pump (Model 505DU, Watson Marlow, Falmouth, Cornwall, UK) was 

used to pump water into the bottom of the STREAMLINE™ 50 column until a liquid 

level of approximately 0.4m was present in the open column. A second 505DU pump 

was connected to a Im length of rigid plastic tubing and used to remove any trapped 

air from underneath the bottom distributor plate and mesh. Suction was applied until 

no further air bubbles could be observed rising up the transparent plastic tubing and a 

residual height of 0.1m of water remained in the column. Approximately 300mL of 

settled prototype STREAMLINE™ Phenyl (low sub) matrix was re-suspended in its 

storage buffer of 20%(v/v) ethanol. Once the gel was suspended the column was 

tilted off the vertical and the gel was carefully poured down the sides of the glass 

column to prevent any air bubbles becoming trapped under the matrix. After addition 

of the matrix, the column was filled to the brim with Dl-water and the gel was left to 

settle. The upper movable adapter was then attached to the top of the column. Care 

was taken to prevent air becoming trapped under the top adapter.

3.2.3 Column packing-XK50/40 packed Bed.

The correct packing of packed beds of chromatographic matrices is more critical to 

the overall performance of the adsorption step than in expanded beds. For the RTD
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Fig.3 .1 Schematic diagram o f  the ST-50 STREAM LINE™  expanded bed
and XK50/40 packed bed columns, along with the ancillary pumps 
and detection equipment.
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studies, a final packed bed height of approximately 0.15m of Phenyl Sepharose'^^F 

(low sub) was required. To this end, 820mL of settled matrix in a final volume of IL 

20%(v/v) ethanol was re-suspended to a give a 0.82%(v/v) slurry which was 

degassed in a buckner vacuum flask using helium for 0.15h. The XK 50 column was 

connected to the ancillary pipework and air removed from the lower adapter in a 

similar fashion to the expanded bed. Leaving 0.05m of water in the bottom of the 

column, 365mL of the slurry was poured down a glass rod held against the side of the 

XK column. The column was immediately filled to the top with DI water and the 

upper adapter fixed to the top of the column. Water was pumped in a downward 

direction at 0.30m/h until the matrix had packed down to approximately 0.15-0.2m 

bed height. The upper adapter was lowered to the surface of this bed and the flowrate 

increased by 0.3m/h and the bed further compressed. This packing process continued 

until the flowrate reached 4m/h at which the adapter was set and fixed at a final bed 

height of 0.125m.

3.2.4 Bed expansion characteristics.

The expansion characteristics of a batch of prototype matrix STREAMLINE™ 

Phenyl (low sub) was investigated in a STREAMLINE™ 50 column with a variety of 

process liquids.

3.2.4.1 Expansion tests.

Before the first bed expansion test was conducted, the bed was initially expanded 

using DI water, starting at a low superficial liquid velocity and increasing the velocity 

in 0.50/h steps, every 0.5h, up to a final liquid velocity of 4m/h. The matrix in the bed 

was allowed to reach a steady state with the particles of differing sizes stratifying 

within the column to occupy their equilibrium positions within the bed. After 

approximately 0.5h at this flowrate, flow was stopped and the bed allowed to settle.

Using DI water at 20°C as the process liquid, the flowrate was initially increased in 

steps until the surface of the bed became unstable and diffuse. At each flowrate the 

bed was allowed to reach a steady state, i.e. a constant bed height, before the 

expanded bed height at that flowrate was measured. After changing the flowrate, 0.3h 

was required for bed height to stabilise.
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The expansion of the hydrophobic matrix was also performed in the presence of the 

equilibration buffer; 0.78M ammonium sulphate in phosphate buffer (0.02M, pH7), 

again at 20°C. The bed was first expanded to a flowrate of 2m/h in DI water until a 

steady bed height was achieved. The upper movable adapter was positioned 10cm 

higher than the position of the upper surface of the bed, and the Ouidising liquid 

changed to the ammonium sulphate buffer. Once both the expanded bed height and 

the on-line conductivity readings has stabilised the bed was allowed to settle prior to 

measuring the expansion of the bed against flowrate for this new buffer system.

To simulate the expansion characteristics of the prototype matrix in diluted yeast 

homogenate, both 20%(v/v) and 30%(v/v) glycerol solutions were employed as 

fluidising solutions since their physical properties lie close to that of the diluted yeast 

homogenate used in this study (Chapter 2). Diluted yeast homogenate could not be 

used directly as its turbidity prevented the visualisation of the top of bed.

S.2.4.2 Transient behaviour of expanded beds.

On switching to a new buffer system time must be allowed for the expansion or 

contraction of the bed to a new expanded bed height. The response of the bed to a 

changes in the fluidising solutions physical properties were evaluated using the two 

glycerol solutions described above.

3.2.5 Residence time distribution tests.

Residence time distribution curves for the expanded bed system were developed first 

using water as the fluidising liquid and 0.25% (v/v) acetone/DI water as the tracer 

solution. Excitation of the bed was achieved using a step input of the tracer solution. 

Residence time distribution curves were developed at the following superficial liquid 

velocities liquid velocities: 1, 1.5, 2, 2.5 and 3m/h. The bed, equilibrated in water, 

was expanded at the test flowrate and the upper movable adapter lowered to sit on 

the surface of the expanded bed, minimising the dead volume in the system.

With reference to Fig.3.1., the tracer solution was introduced to the column by 

turning valve VI to receive buffer from tank B. Tracer solution was pumped into the 

column for an equivalent time corresponding to four expanded bed volumes, to
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ensure the bed was fully equilibrated with tracer solution. This constituted the 

positive step input. The tracer solution was then removed from the column by 

returning valve VI to its original position and introducing a step input of equilibration 

buffer, again for four expanded bed volumes. This corresponded to the negative step 

input. The mean residence time and variance for both the positive and negative step 

stimuli were evaluated.

RTD curves were also developed in the expanded bed using 0.78M ammonium 

Sulphate and 0.25% acetone/ammonium sulphate as the tracer, again at the same 

superficial liquid velocities used previously. Packed bed RTD characteristics were 

evaluated using both positive and negative step input stimuli over the same liquid 

velocities used in the expanded bed. Liquid flow was in the downward direction. 

Tracer was loaded onto the column over four packed bed volumes. Unlike the 

expanded bed, this volume remained constant as the flowrate increased, since the bed 

volume was fixed. The negative step was achieved with the input of four packed 

volumes of equilibrium buffer, displacing the tracer.

3.3 Results and discussion.

3.3.1 Bed expansion characteristics.

3.3.1.1 Expansion in water and 0.78M AmS0 4

Knowledge of the fluidisation characteristics of expanded bed systems are of vital 

importance to the operation of an adsorption process. The ST-50 STREAMLINE™ 

column was fluidized using a variety of process liquids and the response of the bed to 

fluidisation as a function of flowrate in the different buffer systems was evaluated. 

Fig.3.2 shows the expansion characteristics of the STREAMLINE™ Phenyl (batch 

no.444742) as a function of superficial liquid velocity for both DI water and 0.78M 

ammonium sulphate buffer.

As discussed earlier in the chapter, expansion of the bed is a function of the physical 

properties of the fluidising solution. Since the ammonium sulphate solution has a 

slightly higher liquid viscosity and density the bed experiences a greater degree of 

expansion for the higher viscosity and density buffer over that obtained with water.
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Fig.3.2 Expansion of prototype STREAMLINE™-Phenyl matrix (low sub,
lot no. 444742) as a function of superficial liquid velocity, in both 
Dl-water and 0.78M ammonium sulphate buffer. The higher degree 
of bed expansion for the ammonium sulphate buffer was expected, 
due to its higher viscosity and density.
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Several authors have indicated that the expansion of STREAMLINE™ matrices 

follows the Richardson-Zaki velocity-voidage relationship, Eq.3.11, (Chase, 1994, 

Chang and Chase, 1996). In order to confirm that the Richardson-Zaki relationship 

can also describe the expansion behaviour for the prototype STREAMLINE™ Phenyl 

matrix, experimental values for the Richardson-Zaki parameter, n, and the terminal 

velocity Utwere obtained from plots of log(u) against log( g ) for the expansion curves 

from Fig.3.2. Examples of the log-log plots are given in Fig.3.3 for expansion in 

water and 0.78M ammonium sulphate buffer. Theoretical values for n were calculated 

from the Richardson-Zaki correlations for n (Richardson and Zaki, 1954). Theoretical 

values for Ut, based on the mean particle size for the matrix, were calculated from 

Stokes equation (eq.3.10). The results of the calculations and a comparison of 

theoretical and experimental valves for Ut and n for the water and ammonium sulphate 

systems are given in Table 3.1.

A good correlation between experimentally determined and theoretically derived 

values of Ut and n for both the Dl-water and 0.78M ammonium sulphate systems was 

obtained. However as expected both the experimental and theoretical values of Ut for 

the ammonium sulphate buffer system were lower than those with water alone.

Fluidising

solution

Solution

viscosity

(mPas)

Solution

density

(kg/m^)

Ut from 

expt 

(m/s) *10-3

Ut from 

Stokes Law 

(m/s) *10-3

nfrom

expt

(-)

nfrom 

Stokes 

Law (-)

Water 1 . 0 1 0 0 0 2.23 2.15 4.65 4.53

Water 1 . 0 1 0 0 0 2.09 2.15 4.51 4.53

0.78M

AmS04

1.15 1069 1.70 0.72 4.39 4.69

0.78M

AmS0 4

1.15 1069 1.65 0.72 4.25 4.69

Table 5.1. Experimental and theoretical values o f Ut and n for the expansion o f 
prototype STREAMLINED^ Phenyl (batch no. 444742) in Dl-water and

0 .78M Am S04.

Despite the small differences between the experimental and theoretically derived 

values for the two parameters, it was possible to use the theoretical values of Ut and n
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Fig.3.3 Plot of log(w) against log (s) for the experimental determination of 
the Richardson-Zaki parameter, n, and the terminal velocity, Ut, of 
the STREAMLrNE-Phenyl (low sub) matrix, fluidised using both 
Dl-water and 0.78M ammonium sulphate buffer. The gradient of 
the log-log plot provides n, while the intercept with the x-axis 
(8=1) gives Ut.
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to predict the expanded bed height with changes in flowrate as described in section

3.1.6 via the use of Eq.3.17. The theoretical prediction of expanded bed height as a 

function of superficial liquid velocity is illustrated for water in Fig.3.4 and for 

ammonium sulphate in Fig.3.5 and in both instances a good correlation was achieved 

against the observed bed height and the bed height predicted using experimentally 

derived values for Ut and n.

3.3.1.2 Expansion in glycerol solutions.

The STREAMLINE™ Phenyl matrix was also fluidised with 20%(v/v) and 30%(v/v) 

Glycerol in an attempt to simulate the bed expansion when processing diluted yeast 

homogenates. The bed experienced much higher degrees of expansion at the same 

superficial liquid velocities as those obtained when fluidising with water and 

ammonium sulphate buffers. Also, the point at which the surface of the bed became 

too diffuse to read accurately occurred much earlier than with the lower viscosity 

buffers. A plot of bed expansion against liquid velocity on fluidisation with 20%(v/v) 

and 30%(v/v) glycerol is presented in Fig.3.6.

Experimental and theoretical values for the mean particle size terminal velocity and 

Richardson-Zaki parameter were also evaluated for fluidisation in these buffers and 

the results are presented in Table 3.2. There is a rather large discrepancy between the 

Richardson-Zaki parameters from theoretical and experimental derivations. Other 

workers have also observed such discrepancies in the two values for n when fluidising 

relatively low density solids in high viscosity liquids (Chang and Chase, 1996). Their 

explanation was the possible agglomeration of adsorbent beads in the presence of 

similar concentration glycerol solutions employed in their study. However no visual 

verification of this phenomena was observed in the current work.
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Fig.3.4 Prediction of expansion of the prototype STREAMLINE-Phenyl 
matrix (lot no. 444742) as a function o f superficial liquid velocity 
in Dl-water. Predictions were based on both experimentally and 
theoretically derived values for the Richardson-Zaki parameter, n, 
and the terminal velocity (a,) of the mean particle size of the 
matrix.
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Fig.3.5 Prediction of expansion of the prototype STREAMLINE-Phenyl 
matrix (lot no. 444742) as a function of superficial liquid velocity 
in 0.78M ammonium sulphate buffer. Predictions were based on 
both experimentally and theoretically derived values for the 
Richardson-Zaki parameter, n, and the terminal velocity (u^ of the 
mean particle size of the matrix.
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Fig.3.6 Expansion of the prototype STREAMLINE-Phenyl matrix (lot no.
444742) in 20%(v/v) and 30%(v/v) glycerol solutions, as a 
function of superficial liquid velocity.
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Fluidising

solution

Solution

viscosity

(mPas)

Solution

density

(kg/m^)

Ut from 

experiment 

(m/s) *1 0 -̂

Utfrom 

(Eq.3.10) 

(m/s) *1 0 '̂

nfrom

experiment

(-)

n from 

(Eq.3.10) 

(-)

Water 1 . 0 1 0 0 0 2.238 2.157 4.65 4.53

2 0 %(v/v)

Glycerol

1.964 1058 1.154 0.529 4.50 4.82

30%(v/v)

Glycerol

2.789 1084 0.723 0.193 4.92 5.02

Table 3.2. Experimental and theoretical values o f Ut and n for the expansion o f 
STREAMLINED^ Phenyl prototype batch no. 444742 in 20%(v/v) and 30%(v/v)

glycerol solutions.

3.3.2 Transient response of expanded beds to changes in solution physical 

properties.

3.3.2.1 Effect of step increase in solution viscosity and density.

The behaviour of an expanded bed in response to a change in the physical properties 

of the fluidising solution was examined by the introduction of solutions having higher 

densities and viscosities i.e. 20%(v/v) and 30%(v/v) glycerol. When switching from 

DI water to 0.78M ammonium sulphate at a flowrate of 2m/h, approximately 0.27h 

was required before the expanded bed height increased and stabilised at a new 

position. With reference to Fig.3.7., on switching from water to 20% glycerol, at a 

fixed flowrate of 1.2m/h, it was observed that approximately 0.66h was required for

the bed to reach a new expanded height. This time was found to increased to Ih for a 

switch from water to 30%(v/v) glycerol at the same flowrate.

3.3.2.2 Effect of step decrease in solution viscosity and density.

The effect of introducing a fluidising solution having a lower density and viscosity 

was evaluated simply by washing the 20%(v/v) glycerol solution off the column using 

water. A decrease in the expanded height was not immediately observed. Instead the 

bed appeared to undergo a large degree of instability and back mixing over which 

period measurement of the bed height was not possible. After approximately 0.66
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Fig.3.7 Transient response of the STREAMLESfE-Phenyl expanded bed, 
fluidised at 1.2m/h in Dl-water, on the application of buffer having 
a higher viscosity and density. 20%(v/v) and 30%(v/v) glycerol 
solutions were used to affect changes in the bed height at constant 
liquid velocity.
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minutes the mixing in the bed subsided and the height stabilised at the original level 

for water alone.

The mixing effect on introducing a solution having a lower density and viscosity was 

not limited to the above case. The effect was also observed on the introduction of 

20%(v/v) ethanol to a column previously equilibrated in Dl-water. Temperature 

variations between solutions were also found to produce similar mixing effects on the 

introduction of a warm buffer solution to a colder, equilibrated column.

The significance of these observations for the operation of stable expanded beds lies 

in the observation that applying a solution of lower density and viscosity to a stable 

bed would introduce a degree of mixing within the column. Plug flow within the 

column would be affected resulting in the need for larger volumes of buffer to either 

equilibrate the expanded bed or to wash particulate material from the stable bed. This 

would have serious implications for the overall productivity of an expanded bed 

process through increased buffer consumption and cycle times

3.3.3 Residence time distribution experiments.

3.3.3.1 Expanded beds.

Residence time distribution curves for the response of the expanded bed to positive 

and negative step inputs of tracer were developed over a range of superficial liquid 

velocities for two buffer systems. The mean residence times and variances of the 

response curves were determined from both the positive and negative step inputs of 

tracer solution to the column. The mean residence times and RTD curve variances 

were determined using the short cut method of Levenspiel, 1972. An example of the 

negative step response curve, the F curve, and the same curve plotted on probability 

axis are illustrated in Fig.3.8. The F curve on probability axis approximately lies on a 

straight line allowing for the calculation of the variance by this quick method.

Using the tanks-in-series model to describe the flow conditions within the expanded 

bed (low N) the variance was found from the use of Eq.3.27. As previously 

mentioned, the tanks in series model is strictly speaking only applicable to cases 

where N<50.
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Fig.3.8 (a) Negative side of the RTD curve used in the determination of
the number of theoretical plates in the expanded bed system. For 
the negative step illustrated, buffer (0.78M ammonium sulphate) 
was applied to the expanded bed at 2m/h to wash the tracer, 
0.25%(v/v) acetone in buffer, from the column, (b) Probability plot 
of tracer concentration against time for the short cut calculation of 
the variance of the RTD curve.
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The results generated from the expanded bed are around this limiting value which 

indicated that the degree of back mixing within the system was small. It was therefore 

possible to calculate apparent axial dispersion coefficients to characterise the degree 

of back mixing in the expanded bed by equating the variance of the curves as 

described by both the axial dispersion and tanks-in-series models. With the 

longitudinal Peclet number for fluidised beds defined as:

where H is the expanded bed height, equating variances allows the calculation o f the 

apparent axial dispersion coefficient Dax:

Values for the axial dispersion coefficients determined from mean residence times and 

variances for the positive and negative step inputs to the expanded bed using the 

water/0.25%(v/v) acetone-in-water tracer system are presented in Table 3.3, while

results for the 0.78M AmSO4/0.25% acetone-in-0.78M AmS0 4  system are given in 

Table 3.4.

The values for the axial dispersion coefficients determined using RTD analysis 

indicate that the flow condition prevailing within STREAMLINE™ expanded beds 

approximates to plug flow. This was both a consequence of the purpose-designed 

column and distributor plate and also the design of the STREAMLINE™ matrix. 

Since the matrix has a size distribution ranging between approximately 100 and 

300jim as discussed in the previous chapter, this imposes an additional degree of 

stability on the bed by stratification of the smaller lighter particles to the top of bed 

with the larger denser particles located towards the bottom. The stratification of the 

matrix in this fashion tends to minimise solid-liquid mixing between the different sized 

particles and results in flow through the column approximating plug flow.

101



u u RCp N 1/N H e

(m/h) ((m/s(+10-4)) (-) (-) (-) (m) (-) (m^/s((*10-^))

1 2.78 0.0522 (+)25.96 0.0385 0.243 0.63 2.040

(-)26.52 0.0377 1.998

1.5 4.17 0.0783 (+)44.23 0.0226 0.285 0.69 1.944

(-)48.99 0.0204 1.755

2 5.56 0.1044 (+)48.55 0.0205 0.333 0.73 2.592

(-)51.45 0.0194 2.445

2.5 6.94 0.1305 (+)50.73 0.0197 0.382 0.76 3.399

(-)52.91 0.0189 3.259

3 8.33 0.1566 (+)56.15 0.0178 .0448 0.80 4.139

(-)60.40 0.0165 3.848

Table 3.3. RTD parameters calculated for the water/0.25%(v/v)acetone-in-'Water 
system. (+) refers to the plate number calculated from the positive step side o f the 

RTD curve while (-) denotes plate numbers determined from the negative step side o f
the curve.

Similar to the observations of Johansson (1994), small yet appreciable difference were 

obtained in the values of the mean residence time and curve variance determined from 

either the positive or negative side of the tracer curve. These small differences are 

illustrated for both the water and ammonium sulphate systems in Fig.3.9. The positive 

step curve was normalised to allow for direct comparison with the negative step 

curve.

In both instances the mean residence time is shifted to the right in time and the 

variances of the two inputs are also different. One possible explanation for this 

observation may lie in the difference in densities between the two solutions used in 

the RTD test. Concentrating on the ammonium sulphate results: for the positive step 

input, the buffer is changed from ammonium sulphate alone to ammonium sulphate 

with 0.25%(v/v) acetone, i.e. there is an decrease in the density of the fluidising 

solution. With a decrease in density of the solution, from Stokes equation, the 

terminal velocity of the fluidised particles will increase relative to the original value 

before introduction of the tracer. Thus for a constant superficial liquid velocity the 

degree of expansion will decrease with a lower voidage resulting in decreased mixing 

in the system which is reflected in a smaller value for the axial dispersion coefficient.
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Fig.3.9 Differences in the normalised wash-out signals from the ST-50 
expanded bed during positive and negative step stimuli of 
0.25%(v/v) acetone tracer solution.
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u u Rep N 1/N H 8 Dax
(m/h) (m/s( (*10")) (-) (-) (-) (m) (-) (mVs((*10-^))

1 2.78 0.0485 (+)35.54 0.0281 0.27 0.65 1.621

(-)38.68 0.0258 1.488

1.5 4.17 0.0728 (+)44.01 0.0227 0.326 0.71 2.170

(-)42.06 0.0237 2.271

2 5.56 0.097 (+)47.36 0.0211 0.4 0.76 3.068

(-)50.35 0.0198 2.886

2.5 6.94 0.121 (+)54.7 0.0182 0.48 0.80 3.791

(-)59.96 0.0166 3.458

Table 3.4. RTD parameters calculatedfor the 0.78M AmSOyO.25% acetone-in- 
0.78M AmSÛA system. (+) refers to the plate number calculated from the positive 
step side o f the RTD curve while (-) denotes plate numbers determined from the

negative step side o f the curve.

The reverse is true for the negative step input where ammonium sulphate solution, 

reduced in density by the presence of the 0.25%(v/v) acetone, is washed from the 

column with ammonium sulphate alone. This explanation is further supported by the 

observation that the difference in N calculated from the positive and negative inputs is 

larger for the water/acetone system where the density difference would be greater 

than with the AmS0 4 /acetone system.

However, the results still illustrate the same trend in plate count (N) irrespective of 

the portion of tracer used. Most instances where this method for calculating N for 

expanded beds has been applied in the literature have concentrated on the negative 

step for calculating mixing parameters because of a higher instance of reproducibility 

between repeated runs (Johansson, 1994, Bamfield-Frej et al. 1997).

3.3.3.2 Packed beds.

Positive and negative step tracer input responses were used for the evaluation of RTD 

parameters in the 0.05m XK50/40 packed bed. Apparent axial dispersion coefficients 

were also calculated, using the axial dispersion model to describe the flow conditions 

in the packed bed. The number of theoretical plates or stages N, for the packed bed
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were found to be higher than those encountered in the expanded bed system. The 

axial dispersion coefficient Dax was found using Eq.3.25. The results for the packed 

bed are presented in Table 3.5.

u u RCp N 1/N H s Dax
(m/h) (m/s((*10-4)) (■) (-) (-) (m> (-) (mVs (*10-^>

1 2.78 0.0485 (+)169.8 0.0058 0.125 0.4 0.409

(-)160.5 0.0062 0.432

1.5 4.17 0.0728 (+)164.1 0.0060 0.125 0.4 0.635

(-)161.9 0.0061 0.643

2 5.56 0.0970 (+)159.9 0.0062 0.125 0.4 0.868

(-)155.6 0.062 0.892

2.5 6.94 0.1213 (+)148.7 0.0067 0.125 0.4 1.17

(->153.9 0.0064 1.13

3 8.33 0.1456 (+>150.1 0..0066 .0448 0.4 1.39

(->143.9 0.0069 1.45

Table 3.5. RTD parameters calculated for the water/0.78M AmSOVO.25% acetone- 
in-0.78M AmS04  system in the XK50/40packed bed. (+) refers to the plate number 

calculated from the positive step side o f the RTD curve while (-) denotes plate 
numbers determined from the negative step side o f the curve.

The packed bed axial dispersion coefficients are an order of magnitude lower than 

those in the expanded bed which was to be expected. Again small differences between 

the positive and negative step response curves resulted in variations in the magnitude 

of the mean residence time and the variance, however the positive step produced 

values for N greater than the negative step. An example of the difference between the 

two input response curves is illustrated in Fig.3.10.

The data for both the packed and expanded bed systems is illustrated graphically in 

Fig.3.11 as a plot of particle Peclet number against particle Reynolds number.

The particle Peclet number is given as:

d  d
= = 3.31
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Fig.3.10 Differences in the normalised wash-out signals from the XK50 
packed bed during the negative step input of 0.25%(v/v) acetone 
tracer solution.
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Fig.3.11 Summary of hydrodynamic properties of both the expanded and 
packed bed systems studies in this chapter as determined from 
RTD experimentation. The flow through the packed bed 
experienced lower levels of axial dispersion than the expanded bed 
which is reflected in the higher values of the Peclet number.
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The results are very close in magnitude to the those presented by Johansson and 

Wnukowski, (1994) who also evaluated the axial dispersion coefficients in solid-liquid 

fluidised beds with particles of almost identical physical properties to 

STREAMLfNE™ matrices.

3.4 Conclusions.

The expansion of the prototype STREAMLINE™ matrices used in this study were 

found to follow the Richardson-Zaki velocity-voidage relationship closely. Prediction 

of the expanded bed height using the velocity-voidage relationship was also possible 

using either experimental or theoretically derived values of Ut and n. However the 

correlation between predicted expansion and actual expansion when using theoretical 

values of Ut and n worsened as the buffer viscosity and density increased. No attempt 

was made to predict the expansion directly in the presence of diluted homogenate due 

to difficulties in the distinction and measurement of the bed height.

Expansion was also shown to be strongly affected by the fluid’s physical properties, 

indicating that operation was possible either through varying the flowrate to control 

at a constant bed height or operating at a constant flowrate and allowing the bed to 

respond to changes in the fluid properties through expansion or contraction. 

Residence time distribution experiments were found to be useful for evaluating the 

flow characteristics in packed and expanded beds. It was possible to calculate 

apparent axial dispersion coefficients which adequately characterised flow in the two 

systems. The effect of fluid physical properties on solid-liquid mixing was evaluated in 

the expanded bed with higher viscosity and density solutions resulting in higher values 

for the axial dispersion coefficients.

This chapter has demonstrated that the STREAMLINE™ range of adsorbents are 

capable of producing stable expanded beds of the type required for expanded bed 

adsorption operations. The actual type of adsorption mechanism and therefore the 

ligand to be used on the STREAMLINE™ matrix, is the subject of the following 

chapter.
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4. Media selection and chromatographic method scouting. 

4.1 Introduction.

Adsorption chromatography depends upon interactions of different types between 

solute molecules and ligands, immobilised on a chromatographic matrix. This chapter 

described the chromatographic media and method scouting experimentation, 

conducted to assess the most suitable mechanism of adsorption for the capture of the 

target enzyme, ADH, from crude feedstocks.

Three type of packed bed Sepharose based matrices were examined; ion-exchange, 

hydrophobic interaction and immobilised metal ion affinity chromatography. In all 

three cases, initial experimentation was first conducted using solutions of the pure 

enzyme. Following the optimised capture of the pure enzyme, the complexity of the 

solution from which the ADH was capture was increased by attempting to isolate the 

enzyme from a solution of clarified yeast supernatant. The performance of all three 

types of adsorption mechanism were compared and the most suitable form was 

selected for further experimentation.

Before the results from the method scouting experimentation are presented, there 

follows a short introduction to each of the three type of adsorption investigated. The 

salient theoretical considerations and basic principles for each type are also briefly 

presented in the following sections with greater coverage and depth allocated to those 

areas which are accompanied by a large number of experimental results.

4.1.1 Ion-exchange chromatography.

Historically, ion-exchange chromatography was introduced with the cellulose ion 

exchangers in the mid 1950's by Sober and Peterson (Sober and Peterson, 1954; 

Peterson and Sober, 1956; Sober et al, 1956). They synthesised the (DEAE) 

Diethylaminoethyl and (CM) Carboxymethyl derivatives of cellulose still in use today. 

Ion-exchange chromatography is by far the most widely used form of 

chromatography, included in about 75 % of purification protocols (Bonnerjea et a l, 

1986) followed by affinity chromatography (60%) and gel filtration (50%). The
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reason for its popularity is its versatility, high resolving power, high capacity and 

straight forward basic principle

4.1.1.1 Theory.

Proteins bind to ion exchangers by electrostatic forces between the proteins' surface 

charges and the dense clusters of charged groups on the exchangers. The charges on 

the ion exchanger are balanced by counter ions such as metal ions, chloride ions and 

buffer ions. A protein must displace the counter ions to become attached. Generally 

the net charge on the proteins will be the same sign as the counter ions displaced- 

hence ion exchange. The protein molecules in solution are also neutralised by counter 

ions, the overall effect in a given region of the adsorbent must be electrically neutral.

The interaction between the protein and the ion exchanger depends upon several 

factors;

• net charge and surface charge distribution of the protein

• the ionic strength and nature of the particular ions in the solvent

• pH

• other additives to the solvent, i.e. organic solvents

The energy gained by the formation of an ionic bond between a protein and a charge 

on the stationary phase is expressed by the coulombic law:

4.1
K .Y A E

where AE is the change in energy as two charges A and B with Z a  and Zg number 

of unit charges are brought within a distance of r ^ .  k is the dielectric constant of the 

medium. If the two charges are of opposite sign, there is a decrease in energy and if 

of the same sign, an increase in energy. It is clear that the more highly charged a 

protein is, the more strongly it will bind to a given oppositely charged ion exchanger. 

Similarly more highly charged ion exchangers; those with a higher degree of 

substitution of charged groups, bind proteins more effectively than weakly charged 

ones. Conditions which alter the effective charge on either the protein or the ion 

exchanger, such as pH or ionic strength, will affect their interaction and are used to 

influence the ion exchange process.
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4.1.1.2 Influence of pH on adsorption.

pH is one of the most important parameters which controls protein binding as it 

determines the effective charge on both the protein and the ion exchanger. If 

reproducible results are to be obtained, control of the pH by the addition of buffer 

salts is essential. Although proteins have charges of both signs over a wide range of 

pH, as a rule binding to an ion exchanger only occurs when there is a net charge of 

opposite sign to that possessed by the ion exchanger. At pH values far away from the 

proteins' pi, proteins bind strongly and in practice do not desorb at all at low ionic 

strengths. At pH’s near to the pi, the protein has no net charge and binding is 

correspondingly weaker. There are situations where binding still occurs even when 

the protein and the ion exchanger have the same net charge (Kopaciewiecz 1983). 

This is due to the uneven distribution of the charged groups across the surface of the 

protein.

4.1.1.3 Influence of ion concentration.

The binding of proteins to charged groups on the stationary phase competes with the 

binding of other ions within the solvent. At low enough concentrations binding of 

proteins occurs through multiple charge interactions between several groups on the 

protein and a corresponding number, the Z-number of charges on the ion exchanger. 

At higher concentrations of competing ions, i.e. a higher ionic strength, the proteins 

will start to be displaced from the ion exchanger in order of their binding strength. 

There is no general rule as to what salt concentration is required to displace a protein 

with a given charge. However most proteins are eluted at salt concentration of 

between 0.01 and 0.5M. The type of ion is also an important factor in the process and 

ions which interact specifically with charged groups on the protein will be unusually 

effective in elution.

4.1.1.4 Matrices and functional groups for ion-exchangers.

Ion-exchange matrices consist of a matrix substituted with either basic or acidic 

groups. The basic ion exchangers containing positive groups are called anion 

exchangers while the acidic ones containing negative groups are called cation 

exchangers. The matrices are either;
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• resins-hydrophobic polystyrene bases or partly hydrophobic polymethacrylate based polymers

• hydrophilic synthetic and naturally occurring polymers such as cellulose, dextran or agarose etc.

• various synthetic hydrophilic polymers which make hard beads for high pressure applications.

• silica gels

The beaded forms of dextran and agarose gels originally prepared for gel filtration 

have been derivatized to produce ion exchangers for protein separation work. The 

Sephadex™ based ion exchangers (Pharmacia Biotech AB, Sweden) are derived from 

dextran. The Sepharose™ ion exchangers are derived from 6 % crosshnked agarose 

(Sepharose™ CL-6B). These gels are more porous than the dextran gels and new 

developments of these media, Q- and S-Sepharose™ are produced by a different 

crosslinking procedure resulting in beads that are the same size but more rigid and 

suitable for large scale work and other applications for which a high flowrate is 

required. Agarose based ion exchangers are particularly suitable for chromatography 

of larger proteins as they are quite macroporous.

4.1.2 Hydrophobic interaction chromatography.

Hydrophobic molecules in aqueous solvents will self-associate due to hydrophobic 

interaction. In biological systems, hydrophobic interaction is of great importance as 

the folding of globular proteins, association of protein subunits and many other 

biological processes rely on hydrophobic interaction for their correct function. 

Hydrophobic interaction chromatography utilises the fact that the surfaces of globular 

proteins have extensive hydrophobic patches in addition to the expected hydrophilic 

groups. These hydrophobic regions bind to the hydrophobic ligands, alkyl or aryl side 

chains on the gel matrix under conditions favouring interaction for example aqueous 

solutions with high salt concentrations.

The first attempt to synthesis hydrophobic adsorbents was made by Yon (1972) 

followed by Er-el et al (1972), Hofstee (1973) and Shaltield and Er-el (1973). 

Characteristically these early adsorbents exhibited a mixed ionic-hydrophobic 

character (Wilchek and Miron, 1976). Despite this Halperin et a l (1981) claimed that 

protein binding to such adsorbents was predominately of a hydrophobic nature. Later, 

Porath et a l (1973) and Hjerten et a l (1974) succeeded in synthesising charge-free
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hydrophobic adsorbents and demonstrated that the binding of proteins was enhanced 

by high concentration of neutral salts, confirming the earlier observation of Tiselius 

(1948), and that elution of the proteins fi*om the matrices could be achieved by 

washing the column with salt free buffer or by decreasing the polarity of the eluent 

(Hofstee, 1973; Porath e/a/., 1973).

The first commercially produced hydrophobic adsorbents were the Octyl and Phenyl 

Sepharose C1-4B matrices (Janson and Laas, 1978) of the charge free type. The 

commercial availability of new matrices, opened up the application of hydrophobic 

techniques, to include a wide variety of biomolecules such as serum proteins (Hrkal, 

Rejnkova, 1982), receptors (Kuehn et a l, 1980) and cells (Hjerten, 1981).

4.1.2.1 Theory of hydrophobic interaction chromatography.

The discussion that follows in this section will be limited to the non-charged type of 

HIC adsorbents as used in the later method scouting experiments.

A large number of theories have been proposed for the explanation of hydrophobic 

interaction chromatography. However most of the theories are essentially based upon 

the interaction of hydrophobic solutes and water (Tanford, 1973; Creighton, 1984). 

None of the theories have enjoyed universal acceptance but common to them all is the 

central role of structure-forming salts and the influence they exert on the solute, 

solvent and adsorbent within the chromatography system. Porath (1986) proposed 

“salt-promoted adsorption” as a general concept for HIC and other types of solute- 

adsorbent interactions occurring in the presence of high concentration of neutral salts.

Hofstee (1973), and later Shaltield and Er-el (1973), proposed the theory of 

“hydrophobic chromatography” with the implicit assumption that the mode of 

interaction between proteins and immobilised hydrophobic ligands was similar to the 

self association of small aliphatic organic molecules in water. Porath et a l (1973) 

suggested a salting out effect in hydrophobic adsorption, extending the earlier 

observation of Tiselius (1948). They suggested that “...the driving force is the 

entropy gain arising from structure changes in the water surrounding the interacting 

hydrophobic groups”. This concept was further extended and formalised by Hjerten 

(1977) who based this theory on the well known thermodynamic relationship:
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AG AH-T A S  4.2

which describes the change in free energy of a process. He proposed that the 

displacement of the ordered water molecules surrounding the hydrophobic ligands 

and proteins led to an increase in entropy ( AiS' ) resulting in a negative value for the 

change in free energy of the system. This implied that the hydrophobic ligand-protein 

interaction was thermodynamically favourable. It is worth noting at this point, that 

both enthalpy and entropy change with temperature for hydrophobic interactions. 

Theoretical treatments are complicated but one can conclude that the strength of 

hydrophobic interactions should increase with an increase in temperature (Janson and 

Ryder, 1989).

Another popular theory is based on the correlation of the effect of neutral salts in 

salting out (precipitation) and hydrophobic interaction chromatography (von der Harr 

1976; Melander and Horvath, 1977). Melander and Horvath, (1977) suggested that 

hydrophobic interaction was accounted for by an increase in the surface tension of 

water arising from the structure forming salts dissolved in it. They stated that the salt 

that increased the surface tension the most, gave the strongest interaction. Also the 

higher the salt concentration, the stronger was the interaction. A combination of the 

two mechanisms has long been exploited even before hydrophobic adsorbents were 

synthesised (Hoffinan and McGivem, 1969).

van der Walls attraction forces have also been used to explain the interaction between 

proteins and hydrophobic ligands (Srinivasan and Ruckenstein, 1980). The basis for 

this theory is that the van der Walls attraction forces increases as the ordered 

structure of water increases in the presence of salting out salts.

4.1.2.2 Type and concentration of salt on hydrophobic interaction.

The type and concentration of salt are two factors of great importance in hydrophobic 

interaction chromatography as are additives which change the polarity of the solvent. 

The latter is exemplified by ethylene glycol which decreases the interaction between 

the HIC gel and proteins by changing the overall structure of water slightly towards a 

structure resembling an organic solvent.
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The influence of salt on hydrophobic interaction follows the well known Hofineister 

(lyotropic) series (Pahlman et a i, 1977). Salts that promote hydrophobic interaction 

are to the left in the series. The salts to the right of the series, C10~, / '  , S C N ', are 

called chaotropic. Hydrophobic interactions are increased in the presence of salts such 

as ammonium sulphate to a greater extent than salts lower down the Hoffineister 

series.

Anions:

so l-  > ci~ > Br- > NO; > CIO; > r >  s c n -
Cations:

Mg^* > Li* > Na* >K*> NHl

4.1.2.3 Hydrophobicity of amino acids and proteins.

As one might expect for stable ternary protein structures, most hydrophobic amino 

acids are buried within the interior of the protein, with hydrophilic amino acids mostly 

populating the protein surface. However some hydrophobic amino acids also appear 

on the surface and hydrophobicity of a protein is take as the sum of the 

hydrophobicity of the exposed amino acids and parts of the backbone.

Two methods for the calculation of the hydrophobicity of amino acids have been 

presented. One is based on the direct measurement of the solubilities of individual 

amino acids in water and organic solvents (Nozaki and Tanford, 1971; Jones, 1975). 

A hydrophobicity scale for the different amino acids was constructed on the basis of 

the free energy transfer from the amino acids from ethanol or dioxane to water.

The second approach was based on an empirical inspection of known protein 

structures (Comette et al 1987). Here several hydrophobicity scales are based on the 

environment of the different amino acids, the fraction of amino acids buried within the 

protein and other parameters.

Between the two approaches there were some striking differences (Janson and Ryden, 

1989). Proline is a rather hydrophobic amino acids, however its secondary structure- 

breaking properties make it appear in bends, typically on the surface of proteins.
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Lysine, another hydrophobic residue on the solubility scale was found to be the most 

exposed of the amino acids in the second scale.

The amino acids composition of a protein can be seen to have a major influence on 

the hydrophobicity of the molecule and knowledge of the primary structure of the 

protein may shed important insight into the behaviour of a target molecule on a 

hydrophobic support relative to other known proteins.

4.1.2.4 Interaction between protein and matrix.

Studies have shown that more than one ligand on the adsorbent must be involved in 

the binding of proteins to hydrophobic supports (Hjerten et a l, 1974). This is known 

as multi-point attachment. Further studies of the kinetics of protein binding have 

shown that adsorption proceeds via a multi-stage reaction (Jennissen, 1986). The rate 

limiting step for the binding of phosphorylase h to Butyl-Sepharose was shown to be 

the slow conformation change or re-orientation of the protein on the HIC gel rather 

than the collision between the protein and the amphiphilic gel. Hydrophobic 

interaction chromatography is, in general, a mild method due certainly to the 

stabilising influence of salts and the recoveries are often high (Scopes 1994).

4.1.2.5 Matrices and functional groups for hydrophobic interaction 

chromatography.

The remaining factors that should be considered when selecting HIC media and 

optimizing HIC separations are;

• Ligand type and degree of substitution.

• type of base matrix.

• pH.

The type of immobilised ligand primarily determines the selectivity of the adsorbent. 

Straight chain alkyl (hydrocarbon) ligands show purely hydrophobic characteristics 

while aryl ligands exhibit a mixed mode behaviour. It has been shown that at a 

constant degree of substitution, protein binding capacities of HIC adsorbents increase 

with increased alkyl chain length (Hofstee and Otillio, 1978). The charge free Octyl 

and Butyl Sepharose FF adsorbents from Pharmacia are based on the glycidyl ether
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coupling procedure. The short spacer introduced during this coupling has little effect 

on the hydrophobic character of the matrices. The Phenyl Sepharose matrices have 

the potential for k-k interactions via the phenyl group..

As the degree of substitution of HIC adsorbents increases so to does the protein 

binding capacity. There is evidence to suggest that a limit to the binding capacity is 

reached at very high degrees of substitution (Rosengren et al., 1975), which coupled 

with an increase in the strength of interaction can result in circumstances from which 

elution is difficult (Jennisson, 1978).

The contribution of the base matrix can also play an important part in the separation 

of components in hydrophobic interaction chromatography. Two of the more widely 

used supports are strongly hydrophilic carbohydrates, for example crosslinked 

agarose or synthetic copolymer materials. It is important to note that as the selectivity 

of a copolymer support will not be the same as that for an agarose based matrix 

bearing the same ligand some modification of the adsorption or elution conditions 

may prove necessary (Builder, 1993).

The effect of pH is complicated. In general an increase in pH was found to decrease 

hydrophobic interaction (Porath et a i, 1973) probably as a result of the titration of 

charged groups leading to the increased hydrophilicty of the proteins. Other reports 

suggest that hydrophobic interaction increases as pH decreases (Halperin et a i, 

1981). No real generic rules were found in the literature to predict the behaviour of 

proteins on HIC matrices as a function of pH and information for individual proteins 

should be found experimentally.

4.1.3 Immobilised metal ion affinity chromatography.

Immobilised metal-ion affinity chromatography was evaluated for its potential in the 

recovery of ADH from clarified yeast homogenate, as a precursor to its possible use 

for the capture of the enzyme directly from the crude homogenate in an expanded 

bed. A short review of the basic theory and factors thought to govern the adsorption 

and desorption of proteins to various different IMAC systems is presented in the 

following section.
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4.1.3.1 Theory

Immobilised metal ion affinity chromatography (IMAC) relies on the formation of 

weak co-ordinate bonds between metal ions immobilised on a column and basic 

groups, mostly histidine amino acids residues on proteins. The technique was 

introduced by Porath (1975) and has gained increasing usage up to the present. 

Porath (1992) has summarised the current status of research and applications of 

IMAC.

Some of the special features of IMAC of proteins can be summarised as follows 

(Jansen and Ryden, 1989):

• Exposure of certain amino acids (His., Cys., Trp.) on the surface of the protein is required for 

protein adsorption.

• The steric arrangement of the protein chain plays an important part in separation.

• Simple ionic adsorption and other complicating factors can be suppressed or modified by high 

ionic strength buffers.

• Binding is influenced by pH, with low pH’s often facilitating elution.

• Several different elution techniques are available (pH gradient, competitive ligand, organic 

solvent and chelating ligand).

• The specificity of IMAC depends on the exploitation of the combined effects of primary and 

secondary structure and their influence on the location of a limited number of metal binding 

amino acid residues.

4.1.3.2 Chelating ligand

The adsorbent is formed by attaching to the matrix a suitable spacer arm plus a simple 

metal chelator, usually based on iminodiacetate structures as commonly used in 

biochemistry in the form of EDTA. The most common used are iminodiacetate (IDA) 

and N,N,N-tris(carboxymethyl) ethylenediamine (TED). The relative stability of 

complexes formed with an IDA derivative of cellulose and divalent metal ions are in 

the order; Cu(ii)>Ni(ii)>Zn(ii)>Co(ii)Ca(ii) as shown by Horvath and Nagydiosi 

(1975).
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4.1.3.3 Factors affecting adsorption and desorption.

Chelate structure and metal ion.

The exact structure of the complex formed between the stationary phase immobilised 

metal ion and the protein species depends upon the type of metal ion used and the 

composition of the eluent buffer. Danvankov et a l, (1977) reported that Zn^  ̂ and 

Cu^  ̂would leave one, and Ni^  ̂ three sites available for the adsorption of solvent or 

buffer molecules, when the three dendate IDA was used. If N,N,N-(tricarboxymethyl) 

ethylenediamine (TED) is used as the chelator, since it is a five dendate group, it can 

occupy five of the six co-ordination sites of the Ni^  ̂ ion. Consequently, Ni^-TED 

Sepharose is a weaker adsorbent than the corresponding Ni^^-IDA-column (Porath 

and Olin, 1983). Thus the choice of chelator has a strong influence on the strength of 

adsorption.

Janson and Ryden, (1989) reported that in 50 published protocols for the purification 

of proteins by IMAC, Zn^  ̂was used in 27 cases, Cu^  ̂ in 15, in 3, Co^^ and Fe^  ̂

in 2 and Ca^  ̂ once. Cu^ ,̂ Ni^ ,̂ Zn^  ̂ and Co^  ̂ form a series of metal ions with 

decreasing binding strength as shown by Sulkowski, (1985).

Protein structure.

The amino acid content of the proteins to be adsorbed has a strong influence on the 

strength of binding to IMAC matrices. The amino acids thought to be responsible for 

protein adsorption to IMAC matrices have been discussed in a number of papers, 

(Porath and Olin, 1983, Scully et al, 1981). However the situation is not clear cut. 

Porath et al., (1975) concluded that histidine and cysteine would be most likely to 

cause a strong interaction with metals in IMAC. Tryptophan, containing the indole 

structure, was also thought to contribute to the binding. Further evidence supporting 

the notion that the histidine residue played a part in protein adsorption was found by 

Sulkowski (1987) who noted a abrupt change in the adsorption of bovine serum 

albumin to an Ni^^-IDA matrix around pH6.5. Goubran-Botros et al. (1992), 

observed that proteins with an increasing number of histidine residues exhibited 

increasing binding strengths.
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Despite this evidence there are few guidelines to predict the conditions under which a 

protein will be adsorbed onto a metal chelate column. Certainly experimental evidence 

seems to suggest that adsorption is related to the extent of exposure of residues such 

as histidine, cysteine ,tyrosine, tryptophan and lysine and possibly non-amino acid 

residues which have an affinity for metal ions. However it is not yet understood why 

albumin, for instance, which contains many histidines and lysine groups, exhibits weak 

binding in IMAC. With respect to histidine and tryptophan, a summary of the 

adsorption to different metal ion complexes of proteins whose amino acid 

composition is known is given in Table 4.1 (Janson and Ryden (1989) adapted from 

Sulkowski (1985 and 1987).

Presence of histidine or 

tryptophan on the surface of 

protein

Metal ions providing adsorption

No His/Trp -

One His Cû +

More than one His Cu^  ̂(stronger adsorption), Ni^^

Clusters of His Cu^\ Ni^\ Zn^\ Co^

Several Trp, No His Cu^^

Table 4.1. Influence o f amino acid composition o f proteins on adsorption to IMAC
matrices.

Ionic strength, buffer and pH.

It is customary to add sodium chloride, between 0.1 and IM to buffers used in IMAC 

to suppress ionic interactions between samples and the matrix. Sulkowski (1987) has 

shown that ionic strength, in some cases, can effect the retention of proteins on Cu^^- 

IDA columns. Where ionic interactions are not fully suppressed then pH, may cause 

ionic interactions through ion-exchange of the protein with the matrix. High salt 

concentrations have also been used to suppress protein-protein interactions during 

IMAC (Sulkowski, 1988). These associations may make other chromatographic 

methods such as ion-exchange, impossible.
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Detergents and other additives.

Detergents, such as Brij 35 (Cawstan and Tyler, 1979) and Tween 80 (Rijken and 

Coilen, 1981), have both proved usefiil in improving the recovery of molecules from 

IMAC matrices. Organic solvents have also been used to modify the interaction 

between proteins and IMAC matrices (Hansson and Kageda, 1981).

Of the three types of adsorption mechanism covered in this chapter, IMAC is perhaps 

the least understood, with no well-founded rationale existing for the prediction of the 

conditions under which adsorption and subsequent recovery of proteins occurs. 

Thorough experimental method scouting, exploring all the various factors discussed, 

would no-doubt lead to a rapid assessment of whether IMAC would proved a useful 

method for the purification of a given protein mixture. The IMAC method scouting 

experimentation conducted for the recovery of the target enzyme, ADH, are 

discussed later in this chapter.

4.2 Materials and methods.

Unless otherwise stated, all experiments and chromatography cycles were performed 

using chilled buffers at 4-5°C

4.2.1 Equipment for column chromatography experimentation.

The small-scale chromatography runs in this chapter were performed using a Fast 

Protein Liquid Chromatography system (FPLC, Pharmacia Biotech AB, Sweden) 

which included the following parts:

• LCC-500 controller

• 2 high precision piston pumps (P-500) denoted pumps A and B

• P-1 peristaltic pump for the delivery of large volumes (>50mL) of sample to the column

• Valve MV-7, 3-port device for use as an automatic injection valve

• Valve MV-8, an automated selection valve for multiple columns

• UVl monitors at 254 and 280nm wavelength

• Frac 100 fraction collector
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Voltage output signals from the UVl monitors were collected using two A/D 

interfaces, (Model 970/0, Perkin Elmer, Nelson Systems Inc., CA, USA) connected 

to an IBM compatible PC before processing using chromatography software 

(Turbochrom v.4.1, Perkin Elmer Corp. CA, USA).

4.2.2 ADH recovery using ion-exchange chromatography.

4.2.2.1 Chromatographic ligand selection and choice of bufTer solution.

The weak anion exchanger, DEAE-Sepharose Fast Flow (Pharmacia Biotech AB, 

Sweden), was selected as the first chromatography matrix for assessment of ADH 

adsorption and chromatographic purification. Some physical properties of the matrix 

are presented in Table 4.2. For all adsorption studies with DEAE-Sepharose, 

potassium di-hydrogen phosphate was used as the buffer solution.

Type of ion-exchanger Weak anion

Total ionic capacity 0.11-0.16 mM/mL(gel)

Particle structure 6% agarose (crosslinked)

Particle size distribution (pm) 45-165

Mean particle size (pm) 90

Maximmn operating pressure 3 bar(g)

Table 4.2. Some physical properties o f the anion-exchanger DEAE-Sepharose.

4.2.2.2 Adsorption conditions for pure ADH to Sepharose DEAE.

The effect of pH on ADH adsorption to the anion-exchange was investigated in 

0.02M KH2PO4 buffer at each of the following pH’s

• pH6, pH6.5, pH7, pH7.5, pH8

A batch of DEAE-Sepharose (lOOmL) was re-suspended in its storage buffer to give 

a 50%(v/v) matrix : liquid slurry. The slurry was transferred to a Millipore glass filter 

funnel lined with 0.2pm filter paper. Vacuum was applied to the filter arrangement

122



and taking care to prevent the matrix from running dry, approximately IL of DI-water 

was poured onto the matrix to wash the storage buffer, 20%(v/v) ethanol off the 

matrix. In the same fashion, approximately IL of buffer at each of the pH’s listed, was 

poured over the matrix until the matrix was equilibrated to the relevant pH. The 

vacuum source was turned off when the matrix : liquid ratio in the filter housing was 

approximately 1:1. The matrix was re-suspended, in situ, and using a P I000 Gilson 

pipette approximately 200|iL of the slurry was transferred to a 2mL pre-weighed 

eppendorf and allowed to settle. The procedure was repeated for each of the different 

pH buffers and 4 eppendorfs were prepared for each pH value.

Solutions of pure ADH at a concentration of 4mg/mL at each of the five pH values 

were made up and assayed for initial ADH activity and protein concentration. The 

batch binding experiments were started by the addition of ImL of the relevant protein 

solution to the equilibrated batch of matrix. The eppendorfs were agitated using a 

Vibrax shaker and at 0.5h intervals, supernatant (lOOuL) was removed for residual 

ADH and protein analysis. Once the ADH levels reached a consistent residual level, 

the eppendorfs were placed in an oven to determine the mass of matrix in each 

eppendorf. Three repeats of the binding experiment were performed with one control 

for the enzyme solution alone at each pH valve

The concentration of phosphate buffer on ADH adsorption was also investigated by 

repeating the above procedure using five phosphate buffers at 10, 20, 30, 40 and 

50mM phosphate all at pH7.

4.2.2.3 Effect of load volume on ion-exchange chromatographic performance.

Approximately lOmL of a 75%(v/v) slurry of DEAE Sepharose was poured into an 

XK16/20 chromatography column and packed to a final bed volume of 5.6mL under 

Dl-water at a liquid superficial velocity of 3.6m/h. The binding of ADH fi-om clarified 

yeast homogenate to the anion-exchanger was investigated by loading increasing 

volumes of clarified yeast homogenate onto the column, previously equilibrated with 

10 column volumes of 0.02M KH2PO4, pH7 (Buffer A).

Clarified yeast homogenate was prepared from a 45%(w/v) Baker’s yeast suspension 

homogenised using the Lab40 as per section 2.2.5.1 and clarified using the J2-M1
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Beckman centrifuge with a JA-18 rotor at 36,000g for Ih. The supernatant was 

diluted to approximately 10mg(total protein)/mL prior to loading onto the column.

After a set volume of supernatant was loaded, unbound material was washed from 

the column with 10 column volumes of equilibration buffer in the same direction used 

during the load. Elution of bound ADH and protein was achieved using a step 

increase in salt concentration from 0 to 2.0M NaCl in buffer A. The flowrates used 

during the chromatographic cycles were 200cm/hr during equilibration, loading and 

washing and 75cm/hr during elution. After each chromatography cycle, the matrix 

was cleaned using 10 column volumes of l.OM NaOH followed by 20 column 

volumes of DI-water. 20%(v/v) ethanol was used as a long term preservative agent.

4.1.2.4 BSA Breakthrough curves.

BSA (240mL, 2mg/mL) in phosphate buffer (0.02M K H 2P O 4, p H 7 )  was loaded onto 

the XK 16/20 column prior to loading with clarified yeast homogenate to develop the 

breakthrough curve for the virgin matrix. Unbound protein was washed free from the 

column using 10 column volumes of buffer A and bound material was eluted using a 

2.0M NaCl step increase in salt concentration. After the column had been exposed to 

4 successively greater volume loads of yeast supernatant, the breakthrough curve was 

again developed and the binding capacity of the matrix for BSA, before and after the 

clarified yeast homogenate chromatography runs was calculated.

4.2.3 ADH recovery using hydrophobic interaction chromatography.

4.2.3.1 Ammonium sulphate salting-out curve for ADH.

A series of precipitation experiments were performed in a 1.4L precipitation vessel to 

investigate the effect of ammonium sulphate concentration on the solubility of ADH. 

The reactor was agitated by a standard 6-blade Rushton turbine and cooled by an 

external jacket with glycol to approximately 5°C. The basic dimensions of the reactor 

are given in Table 4.3.

Bakers yeast suspension (2L, 280g/L) was homogenised at 5 passes and 500 bar(g) 

using the Lab 60 homogeniser and subsequently clarified using a Sharpies IP Tubular 

bowl centrifuge at a relative centrifugal field of 50,000g at a flowrate of 15L/h.
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Clarified supernatant (0.9L) was transferred to the precipitation vessel and agitated at 

an impeller speed which gave a shear rate of 40s'^ until the temperature of the 

solution was 5±1°C.

The concentration of salt in the supernatant solution was increased by the addition of 

volumes of a 100% saturated solution of ammonium sulphate (514.7g/L ammonium 

sulphate in O.IM KH2PO4 , pH6.5; 100% saturation at 0°C, Di Jeso, (1968)). The 

total volume of solution in the precipitation vessel was kept constant at 0.9L by 

removing a volume of supernatant solution equal to the volume of the 100% 

saturated salt solution to be added to ensure that the power input per unit volume 

remained constant over the range of salt concentrations used.

Dimension Reactor Volume 1 4L

Tank height, H, (m) 0.158

Tank diameter, dt, (m) 0.105

Impeller diameter, di, (m) 0.035

Baffle width, db, (m) 0.01

Table 4.3. Dimensions o f the 1.4L precipitation vessel.

The ammonium sulphate solution was added near the impeller to give rapid dispersion 

and mixing. The protein precipitate suspensions were aged at a shear rate of 40s‘̂  

before sampling. The levels of soluble and insoluble ADH and protein was analysed as 

described below;

Solidfraction.

The solid and aqueous fraction of the sample was determined by placing a known 

volume of sample in a calibrated 0.4mL eppendorf and centrifuging at 12,400g 0.25h 

using a bench top centrifuge (Model M il,  Spinco, Beckman Instruments, Pan Alto, 

California, USA). The fraction of the sample occupied by the separated solid and 

liquid phases was measured to ±20|xL.
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Fraction o f ADH and Protein remaining soluble.

A ImL sample of the precipitate suspension was centrifiiged at 12,400g 0.25h using 

the Ml 1 centrifuge. The volume of supernatant was decanted from the precipitate 

phase and assayed for ADH and protein. The assay results were corrected for the 

solid content of the sample as previously described. The precipitate was re-suspended 

in O.IM KH2PO4 , pH6.5 to dissolve any precipitated ADH and protein and assayed 

for the solid phase ADH and protein. The fraction of ADH and protein remaining 

soluble was calculated as the aqueous phase quantity divided by the sum of the solid 

and aqueous phases at each concentration of the salt.

4.2.3.2 Hydrophobic ligand selection.

A HiTrap HIC test kit (Pharmacia Biotech AB, Sweden) consisting of five 

hydrophobic interaction chromatography (HIC) media with different hydrophobic 

characteristics, provided the possibility to screen for the most appropriate HIC 

medium for the adsorption and recovery of ADH. The five different media were pre

packaged in ready to use ImL HiTrap columns of cross-section 0.7cm^ and length 

2.5cm. Characteristics of the HiTrap HIC test media are listed in Table 4.4.

Phenyl

Sepharose

High

Performance

Phenyl 

Sepharose 

6FF 

(low sub)

Phenyl 

Sepharose 

6FF 

(higli sub)

Butyl

Sepharose

4FF

Octyl

Sepharose

4FF

Hydrophobic Phenyl Phenyl Phenyl N-Butyl N-Octyl

ligand.

Ligand density 25 20 40 50 5

nmol.mL"’ gel.

Mean particle 34 90 90 90 90

size (pm).

Particle 6% 6% 6% 4% 4%

structure. agarose agarose agarose agarose agarose

Table 4.4. Properties o f the matrices supplied in the Pharmacia HiTrap HIC test kit.
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The chromatographic performance of the HiTrap media for the recovery of ADH was 

tested in turn under identical run conditions. Each column was first equilibrated using 

equilibration buffer A (lOmL, 0.78M (NH4 )2 S0 4  in 0.02M KH2PO4 , pH7). 4mL of a 

2mg/mL solution of pure ADH (Sigma) in A buffer was then loaded onto the column. 

Unbound ADH was washed from the column with a further lOmL of A buffer and 

bound ADH was eluted from the column with a linear gradient from 0.78M to OM 

ammonium sulphate over 10 column volumes. The flowrate at each stage was 

ImL/min. The feed and fractions were assayed for ADH and protein and the elution 

volume of the ADH peak was measured.

4.2.3.S Effect of pH on ADH adsorption to Phenyl Sepharose FF (low suh).

In a similar fashion to the chromatographic runs described in section 4.2.3.2, the 

influence of pH on recovery of pure ADH was assessed. The adsorption and elution 

of ADH at pH6, 6.5 and 7 were investigated by first equilibrating a ImL Phenyl 

Sepharose FF (low sub) HiTrap column with lOmL of A buffer at the appropriate pH. 

4mL of a 2mg/mL solution of pure ADH (Sigma) in A buffer at the relevant pH was 

then loaded with the wash and elution stages as previously described. Again mass 

balances and elution volumes were calculated.

4.2.3.4 Effect of load volume on hydrophobic interaction chromatographic 

performance.

Approximately lOmL of a 75%(v/v) slurry of Phenyl Sepharose FF (low sub) was 

poured into an XK16/20 chromatography column and packed to a final bed volume of 

5.6mL under Dl-water at a liquid superficial velocity of 360cm/hr. The binding of 

ADH from clarified yeast homogenate to the HIC matrix was investigated by loading 

increasing volumes of clarified yeast homogenate onto the column, previously 

equilibrated with 10 column volumes of Buffer A.

Clarified yeast homogenate was prepared and clarified as per section 4.2.2.3. The 

supernatant was adjusted to 0.78M ammonium sulphate through the addition of 100% 

saturated solution of the salt and diluted to approximately lOmg.total protein/mL 

using A buffer prior to loading onto the column. Again, unbound material was 

washed from the column with 10 column volumes of A buffer in the same direction
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used during the load, with elution of bound ADH and protein via a step decrease in 

salt concentration from 0.78 to OM ammonium sulphate. Flowrates were identical to 

those used in section 4.2.2.3 and the effect of load volume was assessed by 

calculating ADH binding capacity, purification factor and yields at increasing load 

volumes.

4.2.4 ADH recovery using immobilised metal-ion affinity chromatography.

The chromatography of ADH using immobilised metal-ion affinity matrices was 

investigated dynamically using a 5mL HiTrap column pre-packed with chelating 

Sepharose high performance media. The chelating group was iminodiacetic acid 

(IDA) with a metal ion capacity of approximately 23 pM Cu^^mL.gel and the mean 

particle size of the matrix was approximately 34pm.

4.2.4.1 Influence of metal-ion on chromatography of pure ADH.

The bare 5mL IDA HiTrap column was washed free of 20%(v/v) ethanol preservative 

with 50mL of Dl-water. The column was then charged with either copper or zinc 

metal ions by the application of 5mL of a SOOOppm stock solution of the relevant 

metal ion. Excess metal ions were washed off the column using Dl-water. The 

column was equilibrated with 50mL of buffer A (0.02M KH2PO4 with 0.5M NaCl, 

pH7) prior to loading 5mL of a 2mg/mL solution of pure ADH in A buffer. Unbound 

ADH was removed using 15mL of A buffer and bound material was eluted from the 

column by introducing a linear gradient of Ethylenediamine-tetraacetic acid (EDTA) 

from 0 to 50mM over 10 column volumes

4.2.4.2 Purification of ADH from clarified yeast homogenate using BVLAC.

A sample of clarified yeast homogenate, prepared as per section 4.2.2.3 was brought 

to 0.5M NaCl and 0.02M KH2PO4 , pH7 at 10mg(total protein)/mL prior to loading 

50mL onto an equilibrated 5mL HiTrap chelating column charged with zinc ions. 

Unbound ADH and protein was washed off the column with 25mL of buffer A and 

elution was performed using a linear gradient of increasing EDTA concentration from 

0 to 50mM over 10 column volumes. Fractions were again assayed for ADH and
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protein to facilitate the construction of a mass balance and determination of 

purification factor and step yield for the chromatography cycle.

4.3 Results and discussion.

4.3.1 ADH recovery using ion-exchange matrices chromatography.

4.3.1.1 Choice of buffer, buffer concentration and pH.

There are three pH related features of enzymes that should be considered when 

choosing basic experimental conditions for ion-exchange chromatography; the 

isoelectric point, the optimum pH for activity and the pH-stability range. These are 

not necessarily related and often the limited range of protein stability restricts the pH 

that can be used. It was reported in chapter 2 that alcohol dehydrogenase has an 

isoelectric point of pH5.4 and an optimal pH stability range between pH6 and pH8. 

Over this range of pH the enzyme possesses an overall net negative charge eliminating 

cation exchangers as a means of ADH capture and purification. As an initial starting 

point, the weak anion exchanger DEAE-Sepharose was selected for use in the 

chromatographic recovery of pure ADH solutions.

The correct choice of buffer can be crucial for success in ion-exchange operations as 

maintenance of pH is of paramount importance, since the ionic interactions are so 

dependant on pH and the buffers themselves may be taking part in the ion-exchange 

process. As a general rule it is advised that the buffering ions should not themselves 

interact with the adsorbent. That is the charged form of the buffer should be of the 

same sign as the substituents on the adsorbent (Scopes, 1994). If this rule is not 

observed then undesirable and unpredictable pH changes may occur in the 

microenvironment adjacent to the adsorbed proteins, causing changes in the strength 

of interaction and possible dénaturation.

Several buffers are available over the range pH6 to pH8, however the scale of 

operation must also be considered when selecting an appropriate buffer solution as 

factors such as buffer preparation and cost can become significant. The buffer chosen 

in this work, potassium dihydrogen phosphate, breaks the above rule of opposite 

counter ion charge relative to adsorbing species. However the selection of this buffer
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was a compromise reached after careful consideration of various factors. First the 

buffer is cheap and simple to prepare. It has been used extensively in primary 

recovery stages of the downstream processing of ADH found in the literature (Foster 

et al, 1976, Clarkson et al, 1995/ Also many other buffers available over this pH 

range are wholly unsuited to use with ADH; for example imidazole, while buffering 

over this range, was found to act as a chelating species (Hearle, 1997) removing Zn^  ̂

ions from the ADH structure resulting in a loss of activity (Magonet et a i, 1992). As 

a result potassium dihydrogen phosphate was therefore selected and the concentration 

of the buffer and optimal pH for adsorption of the pure enzyme was investigated.

Fig.4.1a illustrates the results of a series of batch binding experiments in which the 

uptake of pure ADH to small quantities of the anion-exchanger was investigated as a 

function of pH. The buffer concentration was 0.Ô2M KH2PO4. It was observed that as 

the pH of the solution increased, the amount of enzyme adsorbing to the matrix 

increased. This was to be expected as an increase in pH would bring about an increase 

in the charge differential between the negatively charged protein and the positively 

charged adsorbent increasing the strength of interaction between the two (Scopes 

1994).

The influence of the concentration of the counter ion provided by the phosphate 

buffer on adsorption, is illustrated in Fig.4.1b. As the concentration of the buffer 

increased, the level of ADH adsorbed to the matrix decreased. This result was a 

consequence of the adsorbing species, ADH, and the buffer counter ion both 

possessing a negative charge. It was apparent that the phosphate ions competed with 

ADH for adsorption sites on the matrix, with increased concentrations of the counter 

ions relative to a constant amount of ADH, resulting in decreased binding capacities.

The final selection of pH and buffer concentration was a further compromise between 

several interrelating factors. Increased pH resulted in higher binding capacities. 

However the optimum pH stability of the enzyme was found to occur at pH7 with 

pH’s above this value resulting in decreased levels of enzyme stability. pH7 was 

therefore selected as the most suitable pH for ADH adsorption. Increased 

concentrations of buffer ion resulted in decreased levels of ADH adsorption and so a 

concentration of 20mM was chosen a suitable buffer concentration.
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4.3.1.2 Effect of load volume on chromatographic performance.

Having optimised the binding conditions of the enzyme to the anion-exchanger, the 

next stage in the method scouting for this type of interaction was to increase the 

complexity of the solution from which the ADH was captured. This is an important 

part of media method scouting as the ultimate aim of this section of the work is to 

select a type of adsorption mechanism suitable for the capture and isolation of ADH 

from a crude yeast cell homogenate.

The capture of ADH from clarified yeast homogenate was investigated by loading 

increasing volumes of the supernatant onto a 5.6mL DEAE-Sepharose column. 4 

different volumes were loaded in 4 separate chromatography runs. Fig.4.2a shows the 

chromatogram resulting from loading only 5 column volumes of material at 

10mg(protein)/mL whilst Fig.4.2b shows the chromatogram produced when 20 

column volumes were loaded. The differences between the two chromatograms were 

striking. In both cases an immediate breakthrough of ADH was observed indicating 

the matrix has a very low capacity for the enzyme from this solution. As the amount 

of ADH and protein loaded onto the column was increased, the total amount of ADH 

bound to the ion-exchanger decreased. A summary of the amount of material loaded 

and a mass balance for each experiment is listed in Table 4.5.

Load 

volume 

(col. vol.)

ADH 

in load

(U)

Protein 

in load 

(mg)

ADH 

in wash

(U)

Protein 

in wash 

(mg)

ADH

eluted

(U)

Protein

eluted

(mg)

Yield

ADH

(%)

5 4029 282 3402 164 216 59.3 5

10 7991 606 7203 417 193 108 2.4

15 11844 900 11510 656 185 143 1.6

20 16240 1199 15409 909 139 139 1.3

Table 4.5. Influence o f amount o f supernatant loaded on the performance o f the
anion-exchange recovery o f ADH.

A load of 5 column volumes corresponded to a breakthrough of ADH of 86% at 

which a very poor yield (5%) and purification factor (0.25) were recorded. At 10
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column volumes and upwards the breakthrough of ADH was equal to 100% and so 

the ADH eluted from the column was equal to the total binding capacity (TBC) of the 

matrix. Taking the specific activity of the enzyme as 360 U/mg (Sigma pure ADH) 

the total binding capacity of the matrix for ADH was approximately 0.1mg(ADH)/mg 

(packed matrix).

Studies have shown that the binding capacity of DEAE and SP Sepharose based ion- 

exchange matrices for model proteins such as BSA and lysozyme, decreased in the 

presence of cell homogenates and cell suspensions (Draeger and Chase, 1991b). 

Similar studies also found that the corresponding version of the DEAE ligand for use 

in fluidized beds, STREAMLINE-DEAE, due to its larger size (and therefore lower 

surface area per unit volume) and inclusion of a quartz core also suffered a decreased 

capacity for BSA relative to the Sepharose matrix.

Consequently the results generated in these simple method scouting experiments did 

not favour the use of the DEAE type anion-exchanger, either as the Sepharose matrix 

in packed beds or the STREAMLINE matrix in expanded bed configurations due to 

their low, capacities, poor yields and lack of purification over the ion-exchange stage.

However ion-exchangers have been used for the capture of different dehydrogenases 

in both packed and expanded bed modes in studies similar to this (Chang and Chase, 

1996). Unlike the results generated in this study, Chang and Chase were able to 

recover the enzyme glucose-6-phosphate dehydrogenase from crude feedstocks with 

yields in excess of 90% and purification factors around 2-3 using small scale packed 

beds of STREAMLINE-DEAE and similarly clarified feedstocks. However the 

enzyme G6PDH occurs in much smaller quantities than ADH and as such, large 

volumes of the clarified homogenate could be applied to the packed beds while still 

producing large yields.

4.3.1.3 Assessment of fouling using breakthrough curves of BSA.

An attempt to characterise any fouling of the DEAE Sepharose matrix and 

chromatography column during the course of the supernatant chromatography runs 

was made by an analysis of the shape and properties of breakthrough curves of a 

model protein. Bovine Serum Albumin (BSA) during adsorption onto the Sepharose
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matrix. The characterisation of matrices in this fashion has been used throughout the 

literature (Tsai et a l, 1990, Horstmann et a l, 1986, Skidmore et a l, 1990) and is 

often found when comparing matrices used in a fluidized or packed bed configuration 

(Schmidt et a l, 1993, Draeger and Chase, 1991a).

Fig.4.3 illustrates the breakthrough curves of BSA loaded at a concentration of 

2mg/mL onto the 5.6mL DEAE-Sepharose column before and after the column had 

been exposed to clarified yeast homogenate solutions. The breakthrough curve for the 

virgin matrix produced the expected sigmoidal shape characteristic of a fresh matrix. 

The total binding capacity for the virgin matrix was measured at 

29.3mg(BSA)/mL(packed matrix) which is much lower than the value reported in the 

literature of 60mg/mL (Chang and Chase, 1994). The difference between the 

experimentally determined value and that reported in the literature is due to the use of 

phosphate buffer at pH7 instead of the more suitable piperazine (0.02M, pH6)

Despite the differences reported above, it was still possible to detect a decrease in the 

total binding capacity of the DEAE-Sepharose matrix after the 4 chromatography 

runs had been performed. The binding capacity was found to have dropped by 

approximately 10% to 26.5mg/mL indicating that the matrix had fouled to some 

extent. This can also be deduced from the shape of the breakthrough curve for the 

fouled matrix, also illustrated on Fig.4.3. The curve starts earlier and has a much 

shallower slope over its entire length.

Breakthrough curves can therefore be used as a sensitive method for the detection of 

fouling on chromatography matrices. However the selection of a good model protein 

is essential to the success of this method of fouling evaluation.

4.3.2 ADH recovery using hydrophobic interaction chromatography.

The poor performance of the anion-exchange matrix hastened the search for a more 

suitable type of adsorptive mechanism. Hydrophobic interaction was the next major 

type of interaction examined. First the solubility of ADH as a function of 

concentration of ammonium sulphate was determined. Then the most suitable 

hydrophobic ligand for ADH recovery was found and the influence of pH on 

adsorption was examined. This was followed by an investigation into the performance
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of the hydrophobic column as a function of the amount of material loaded, in a similar 

fashion to that performed with the anion-exchanger.

4.3.2.1 Ammonium sulphate salting-out curve.

The influence of ammonium sulphate concentration on the solubility of the target 

enzyme (ADH) and bulk yeast proteins may be presented as a salting-out curve 

(Fig.4.4). It can be seen that at concentrations of ammonium sulphate up to 

approximately 30% saturation, there was no major precipitation of the enzyme or 

proteins. Above this figure however there was a sharp decrease in the solubility of 

both ADH and bulk protein as precipitation began to occur. These results showed a 

good correlation to salting-out curves for ADH with ammonium sulphate presented in 

the literature (Clarkson, 1994; Foster et a i, 1976).

To maximise the hydrophobic interaction between the target enzyme and the matrix, 

it is often the case that a highest salt concentration that does not result in precipitation 

is used as the salt concentration during adsorption (Scopes, 1994). In this case, any 

saturation up to 30% would be acceptable. However during initial method scouting 

experimentation a saturation of 20% or 0.78M ammonium sulphate was selected as 

the salt concentration for studies with the various hydrophobic matrices.

4.5.2.2 Selection of ligand for hydrophobic interaction chromatography.

20% saturation ammonium sulphate buffer (0.78M in 0.02M KH2PO4 , pH7) was used 

as the buffer for the equilibration, adsorption and wash stages of the HiTrap HIC test 

chromatography columns, to assess the performance of a range of hydrophobic 

ligands and supports for the chromatography of pure ADH. The chromatograms 

resulting from the adsorption and gradient elution of approximately 800U of pure 

ADH loaded onto four of the five HIC test columns is shown in Fig.4.5a.

No breakthrough of ADH or protein was observed during the loading or wash stages 

from the HiTrap columns and with Octyl Sepharose, all the ADH loaded was eluted 

over 10 column volumes. As the hydrophobicity and degree of substitution of the 

matrix increased, the width of the eluted peak broadened, decreased in height and the 

overall recovery of ADH decreased. The Phenyl Sepharose FF (high substitution)
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matrix was found to be completely unsuitable for ADH chromatography due to the 

extremely long tail of the eluted ADH peak. Hydrophobic matrices are characterised 

by relatively slow association-dissociation processes (Scopes, 1994), meaning that 

columns are often not run in an equilibrium mode. As the elution buffer was applied, 

slow desorption of the ADH from the matrix occurred resulting in a very broad peak.

The matrix finally chosen on the basis of these experiments was the Phenyl Sepharose 

FF (low substitution) matrix. This matrix provided a compromise between a strong 

interaction with high binding capacity against a relatively broad elution peak. All 

further HIC method scouting experimentation was performed using columns 

containing this matrix.

4.3.2.3 Influence of pH on recovery of pure ADH.

An investigation into the effect of pH on the adsorption of pure ADH to the 

hydrophobic matrix Phenyl Sepharose FF (low sub), was limited to pH’s between 

pH6  and pH7. pH’s outside of this range have been shown elsewhere in this thesis to 

result in a dramatic reduction in the stability of the enzyme. The chromatograms 

resulting from the adsorption and elution of approximately 800U of pure ADH from 

the ImL HiTrap column operated at pH6 , pH6.5 and pH7 are illustrated in Fig.4.6.

Again no breakthrough of the enzyme was observed and the recovered yield of the 

enzyme at each of the three pH’s was in excess of 95%. There was little difference in 

the elution volumes of the ADH peaks at the different pH’s indicating that over the 

range of pH tested, no advantage could be gained by operating at a pH different from 

the optimal pH for ADH stability. Scopes (1994) also recommends operating 

hydrophobic processes for enzymes at their most stable pH. As a result, pH7 was 

chosen as the optimal pH for ADH adsorption to the Phenyl Sepharose (low sub) 

matrix.

4.3.2.4 Effect of load volume on chromatographic performance.

In a series of experiments similar to those conducted using the anion-exchanger 

DEAE-Sepharose, the effect of load volume of clarified yeast homogenate onto a 

5.6mL column of Phenyl Sepharose FF (low sub) was investigated. After adjusting to
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the appropriate salt concentration and protein level, increasing volumes of the 

supernatant were loaded onto the column and eluted under standardised conditions. 

The chromatographic procedures were kept as close as possible to the conditions 

used during the ion-exchanger work to allow for a comparison between the 

performance of the two adsorption mechanisms to be drawn.

Fig.4.7a shows the chromatogram resulting from a load of 10 column volumes of 

supernatant loaded at a protein concentration of 13mg/mL. An immediate 

breakthrough of protein to 86% was observed with a corresponding breakthrough of 

the target enzyme, ADH, of 13% indicating that the Phenyl Sepharose matrix had a 

very high selectivity for the target enzyme relative to the remainder of the yeast 

proteins. At this breakthrough the amount of ADH bound was 1239U/mL(packed 

matrix) and was subsequently eluted with a purification factor relative to the column 

feed of 6.8 with a yield of 93%

These figures for the load of a 50mL volume of supernatant onto the Phenyl column 

can be compared directly to the same load volume applied to the DEAE-Sepharose 

column. The breakthrough of ADH was equal to 100% and the binding capacity of 

the anion-exchanger was approximately 34U/mL(packed matrix) with no purification 

and a yield of 2.4%. It is immediately apparent that the hydrophobic matrix is better 

suited to the capture of ADH from the clarified yeast homogenate than the anion- 

exchanger with vastly higher binding capacities, improved yields and very high 

purification factors.

These parameter, however, were found to increase with an increase in the volume of 

material loaded. Successive chromatography cycles were performed on the same 

batch of Phenyl matrix, each loading ADH to a higher breakthrough until at 80 

column volumes (Fig.4.7b) the ADH concentration in the column eluent was equal to 

the inlet concentration (100% breakthrough). Here the binding capacity of the matrix 

was found to have increased to 3013U/mL with an overall purification factor of 18. 

Of course, as the column had been drastically overloaded, the yield of this cycle was 

comparatively low (26%).
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Examining the chromatogram in Fig.4.7b, the immediate breakthrough of protein is 

followed by a slow increase in the breakthrough of ADH. This indicates that ADH is 

more hydrophobic that most of the proteins within the sample loaded. ADH binds 

strongly to the matrix displacing protein already bound until the entire length of the 

column is saturated with ADH. Despite using a step elution the ADH peak is eluted 

over a large volume (10 column volumes) as was observed earlier with the pure ADH 

chromatograms. An explanation for this phenomena will be given in chapter 5 where 

the effects of peak tailing are more pronounced. A summary of the results from the 

five cycles performed on the Phenyl column is presented graphically in Fig.4.8.

4.3.3 ADH recovery using immobilised metal-ion affinity chromatography.

The final type of adsorption examined during the media method scouting 

experimentation was immobilised metal-ion affinity using a 5mL HiTrap column pre

packed with IDA-chelating Sepharose. Of the various type of elution that are possible 

with chelating matrices (Janson and Ryden, 1989), pH elution was assessed at an 

early stage and found to be unsuitable as the pH had to be decreased to below pH4, at 

which pH the enzyme lost all activity. EDTA elution, whilst also detrimental to ADH 

activity (Magonet et a l, 1992) was selected for used as the eluting species.

4.3.3.1 Influence of metal-ion on chromatography of pure ADH.

5mL of a approximately 2mg/mL solution of pure ADH in 0.02M KH2PO4 and 0.5M 

NaCl at pH7 was loaded onto the equilibrated HiTrap column charged with copper 

ions. Fig.4.9 shows the chromatogram from the resultant attempt to elute the bound 

ADH from the column. Of the 1,800U or 7.2mg of pure ADH loaded, approximately 

1.5mg of protein displaying no ADH activity was recovered from the column. The 

upper section of the chromatogram (Fig.4.9) depicts the signal recorded from the UV 

detectors. These tracers confirmed that elution did occurred as the EDTA linear 

gradient could be followed through an linear increase in the 254nm signal. A 4 

column volume NaOH (IM  NaOH) Clean-In-Place protocol was performed, during 

which 6.95mg of protein was subsequently recovered from the column. As ADH 

solution loaded onto the IDA column was a pure solution, any fractions collected that 

contained protein and yet no ADH activity were deduced to consist of inactive ADH.
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However the use of NaOH during CIP would be expected to result in complete 

dénaturation of ADH due to its high pH (-13) and therefore the ADH loaded onto 

the Cu^  ̂ charged IDA column was assumed to have bound too strongly, to permit 

elution through applying the chelating species EDTA, even at concentrations normally 

used to strip the metal ion from the column.

The experiment was repeated with the same load volume and concentration of ADH, 

with the column charged with zinc ions. The chromatogram for this cycle is illustrated 

in Fig.4.10 and of the 1,749U or 8.96mg of ADH loaded 1,546U or 7.2 mg of ADH 

was recovered during the 50mM gradient elution. Repeating the l.OM NaOH CIP 

step, it was possible to mass balance the ADH by means of protein assays to 96%.

The use of zinc as the metal ion, resulted in much weaker binding of ADH to the 

chelating EDA ligand, allowing for the efficient elution of the bound ADH using an 

EDTA gradient. The potential for the recovery of ADH from pure solutions to Zn^^- 

EDA Sepharose matrices therefore warranted further investigation.

4.3.3.2 Purification of ADH from clarified yeast homogenate using Zn  ̂

charged EVIAC.

The chromatogram from the recovery of ADH from 10 column volumes of clarified 

yeast homogenate, diluted to ADH levels of 70U/mL at a protein concentration of 

9.5mg/mL, loaded onto a 5mL, Zn^^-EDA Sepharose is illustrated in Fig.4.11. The 

recovery of ADH was low, at a yield of 59% with a purification factor of 3.12 relative 

to the feed. However the mass balance for ADH over this chromatography stage was 

only 67% suggesting that a large proportion of the ADH loaded was either denatured 

on application of the chelating eluent EDTA, or was not eluted from the column at 

all.

In light of the successes obtained with hydrophobic interaction chromatography for 

the isolation of ADH, no further investigation into the recovery of ADH using EMAC 

was conducted. However, these method scouting experiments demonstrated that 

potential for ADH recovery using IMAC existed and could possibly be improved with 

further experimentation.
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Fig.4.10 Recovery of 5mL of a 2mg/mL solution of pure ADH loaded onto 
a 5mL chelating Sepharose HiTrap column charged with zinc ions. 
Elution was via a linear gradient from 0 to 5GmM EDTA resulting 
in 97% recovery of active ADH.
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Fig.4.11 Chromatogram illustrating the purification of ADH from a 50mL 
sample of clarified yeast homogenate loaded at a concentration of 
10mg(protein)/mL onto a 5mL-IDA Sepharose column charged 
with zinc ions. Elution was performed using a linear gradient from 
0 to 50mM EDTA over 10 column volumes. 57% of loaded ADH 
was recovered with an ADH mass balance of 67%.
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4.4 Conclusions.

At an early stage in the media method scouting experimentation, anion-exchange 

techniques demonstrated a poor ability to capture and purify the target enzyme, ADH, 

even under optimised adsorption conditions. The use of phosphate ions in the buffer 

solution was found to be detrimental to chromatographic performance as noted 

elsewhere in the literature. Coupled with low yields and no purification, there was 

little point in taking this type of interaction into the expanded bed mode as other 

studies have shown that binding capacities and purification factors worsen in the 

presence of crude feedstocks.

Hydrophobic interaction chromatography proved a more suitable type of interaction 

with Phenyl Sepharose FF (low substitution) selected as the matrix for use in further 

purification studies. Hydrophobic interaction chromatography was capable of 

purifying ADH with very high purification factors, yields and binding capacities in 

comparison to the anion-exchange work performed earlier.

The use of hydrophobic adsorbents early in downstream processing schemes has the 

added advantage that high ionic strengths, commonly found after fermentation, do not 

require dilution prior to loading on to HIC columns, thus making the use of 

hydrophobic adsorbents in expanded beds an attractive prospect.

Finally IMAC was briefly examined for ADH capture. Initial studies were 

encouraging however further investigative studies using this type of interaction were 

recommended.

The method scouting studies in this chapter were performed using solution of yeast 

homogenate clarified in a lab-scale high speed centrifuge. The next stage in this 

comparative study was to set up the packed bed route for process trails against the 

expanded bed route. However more realistic clarification procedures, typical of those 

used in industrial setting for the recovery of intracellular high value products, required 

further development. This is the subject of the following chapter.
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5. Recovery of ADH using packed beds of hydrophobic interaction 

matrices following process stream clarification. 

5.1 Introduction.

5.1.1 General overview

The results from the previous chapter indicated that hydrophobic interaction 

chromatography was the most appropriate adsorption mechanism for the recovery of 

ADH from clarified yeast homogenate. At laboratory scale, only small volumes of 

clarified material were required. Clarification was therefore achieved through bench- 

top high speed centrifugation, which alone was sufficient to produce material free 

from cell debris, suitable for loading onto the hydrophobic packed bed 

chromatography columns.

However the use of high speed centrifugation for the clarification of process liquids 

on a laboratory scale, can not be readily scaled-up to handle the larger volumes often 

encountered at pilot or industrial scale. Some of the alternative clarification 

techniques that have been employed for the large-scale removal of cell debris were 

discussed in chapter 1. The efficient clarification of feed streams prior to packed bed 

chromatography is of the utmost importance in the design of packed bed 

chromatography processes. Small quantities of solids which are not removed during 

CIP protocols will accumulate at the loading surface of the column as successive 

cycles are applied, until a sufficient amount of material has accumulated to cause a 

reduction in the achievable flow rate through the column.

In this chapter, four different protocols for the clarification of S.cerevisiae cell debris 

were investigated and subsequent chromatographic purification of small samples of 

each clarified pool were conducted. The relative merits of each clarification route 

were evaluated in terms of yield of the target enzyme ADH, purification, processing 

time and most importantly, ease of scale-up.

The routes investigated in this study were carefully selected to illustrate some of the 

problems typically encountered in the preparation of feed streams suitable for loading 

onto to packed beds. In the first case study, lab-scale centrifugation was assessed for
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the clarification of yeast homogenate prior to packed bed chromatography. In the 

remaining three case studies, continuous flow centrifugation was employed to clarify 

cell debris from the soluble protein, to produce debris free solutions suitable for 

subsequent chromatography. Due to the relatively high viscosity of yeast homogenate 

and the low density of the colloidal material, centrifugal efficiency was increased 

through the use of both flocculating and precipitating agents to facilitate increased 

solid-liquid separation.

Before the results from the clarification routes are presented, the following section 

briefly reviews the basic theory and principles behind both flocculation and 

precipitation. This is followed by a short discussion on the use of centrifugation for 

the recovery of both flocculated and precipitated material. Finally a detailed 

introduction of the different clarification case studies investigated in this chapter will 

be presented.

5.1.2 Flocculation.

One method for enhancing centrifugal clarification is the modification of the surface 

chemistry of the colloidal material, to result in coagulation. This process is referred to 

as flocculation and in the following section a short review of basic flocculation theory 

and principles are described. Some applications of flocculation encountered in the 

literature, relevant to this work, are also reviewed.

The stability of solid-liquid dispersions can be greatly affected by the presence of 

polymers. In many instances the stability of a dispersion can be decreased causing 

coagulation or “flocculation” of the dispersed particles. This usually occurs at 

polymer concentrations much lower than those required to impart stability on the 

same systems (Gregory, 1987). For neutral polymers, destabilisation of solid-liquid 

dispersions has been explained in terms of van der Waals attractive forces (Osmond et 

a l, 1973). Another effect, depletion flocculation, caused by the presence of free 

unabsorbed polymer, is also well established and was reported to be important with 

concentrated dispersions (Sperry et al., 1981).

Many particles in aqueous dispersions are stabilised through their surface charge. 

Subsequent electrical repulsion acts to prevent contact between the particles. Certain
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long chain polymers may absorb in such a fashion to cause different segments of the 

same polymer to adsorb onto different particles. This is referred to as polymer 

bridging. Another possibility exists with polyelectrolytes of opposite charge to the 

particles. Here the particle charge may be partly or completely neutralised by 

adsorption of the polyelectrolyte. The effect of this would be to eliminate the 

electrical repulsion between the particles causing destabilisation. Both effects can be 

important in practice and sometimes can operate simultaneously (Gregory, 1987).

5.1.2.1 Types of flocculant.

The most effective flocculants are usually linear polymers of high molecular weight 

which may be non-ionic, anionic or cationic in character. Sources of the polymer may 

be natural, for example gelatine, starch and alginate, which are used in many 

applications for the clarification of beer and wine. Synthetic polymers are also 

available, with most commercially available synthetic polymers based on 

polyacrylamide. Some other examples of synthetic polymeric flocculants are as 

follows:

• non-ionic: polyvinyl alcohol, polyethylene oxide

• anionic: sodium polystyrene sulphonate

• cationic: polyethyleneimine, polydiallyldimethylammonium chloride (“Catfloc”)

Two of the most commonly encountered mechanisms of flocculation are described in 

the following section.

5.1.2.2 Polymer bridging.

In polymer bridging, particles are linked together through adsorption to different 

segments of a polymer. Adsorption of the polymer to the particle is therefore an 

essential step. Since many segments of the polymer are involved, the interaction 

between an individual segment and a particle can be fairly weak whilst the polymer 

chain can still be strongly adsorbed. The interaction is so strong that polymer bridging 

is often considered to be irreversible.
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5.1.2.3 Charge neutralisation.

As mentioned above, flocculation may also be achieved through the adsorption of 

polyelectrolytes of opposite charge. In aqueous solutions most particles possess a 

negative charge and cationic polyelectrolytes are often necessary. It is thought likely 

that adsorption occurs to give a flat configuration of the absorbed chain due to the 

strong ionic interaction between the ionic groups on the polymer and charged sites on 

the particles (Kasper 1971). This would have the effect of reducing the possibility of 

bridging contacts with other particles, especially with low molecular weight 

polyelectrolytes. The adsorption of a cationic polyelectrolyte onto a negatively 

charged particle would tend to reduce the surface charge on the latter. This charge 

neutralisation could play an important part in destabilising the particles. Due to the 

strong interaction, addition of excess polyelectrolyte may cause excessive adsorption 

resulting in a positively charged surface and the possibility of restabilisation of the 

solid-liquid dispersion. This is one explanation of the fact that there is often an 

optimum dosage of flocculant for the destabilisation of any given dispersion beyond 

which flocculation efficiency falls.

There is a considerable amount of evidence to suggest that flocculation of negative 

particles by cationic polyelectrolytes occurs through charge neutralisation. Most of 

this evidence comes from a measurement of electrophoretic mobility of particles with 

added polyelectrolyte (Gregory, 1969; Dixon and Zielyk, 1969).

5.1.2.4 Flocculation using polyethyleneimine (PEI)

Studies have indicated that flocculation of negative particles with polyethyleneimine 

occurs mainly through charge neutralisation (Bulmer, 1993). Use of PEI as a 

flocculating agent covers two distinct areas. The first is the co-precipitation of nucleic 

acids and enzymes involved in nucleic acid metabolism (Jendrisak, 1987). The second 

is the selective precipitation of cell debris prior to centrifugal clarification (Milbum et 

al, 1990, Cordes, 1986; Atkinson and Jack, 1973; Persson, 1987).

Milbum et a l, (1990) reported on the use of PEI for the removal of nucleic acids, 

lipids and colloidal debris directly from the crude homogenate; from the clarified 

homogenate; or after the addition of sodium tetraborate (borax) (Bonneijea et a i,
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1988). They indicated that flocculation from Saccharomyces cerevisiae homogenate, 

previously clarified by the use of borax was best suited for large-scale operation with 

the supernatant, following centrifugation, essentially free of nucleic acids, lipids and 

particulate material with 100% soluble protein recovery. Salt et a l, (1995), extended 

the range of organisms over which PEI flocculation may be use for enhancing 

centrifugal clarification. They investigated the optimum PEI dosage with varying ionic 

strengths and found that increasing ionic strength decreased the occurrence of floe 

restabilisation.

The potential use of PEI for the clarification of yeast cell debris along with other 

cytoplasmic contaminants was well documented in the literature for the system under 

study in this work. For this reason PEI flocculation was selected for use as a 

clarification procedure for homogenate prior to packed bed chromatography. Both 

batch and continuous mix addition of PEI were investigated and the results are 

presented later in this chapter.

5.1.3 Precipitation.

Precipitation, often used as a method for the concentration of protein and enzymes 

can also provide a certain degree of clarification. Some basic theory and principles of 

precipitation as relevant to their application in this study are presented in the 

following section.

5.1.3.1 Introduction.

Protein precipitation from aqueous solution, with subsequent recovery of the 

precipitate, constitutes one of the most important processes available for the industrial 

recovery and purification of proteins. The various methods for causing the needed 

reduction in the solubility of the proteins include:

• high salt concentration, to give precipitation by “salting-out”.

• pH adjustment to a protein’s isoelectric point (pi), at which the protein has a minimum solubility

• reduction of the medium dielectric constant to enhance electrostatic interactions, by, for example, 

the addition of miscible organic solvents
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• addition of non-ionic polymers, which reduce the amount of water available for protein solvation

• addition of polyvalent metal ions to form (reversibly) protein precipitates

5.1.3.2 Precipitation by salting-out.

The salting-out of proteins follows the empirical relationship (Cohn, 1925);

\ogS = n  + p  5.1

where S  is the solubility of the protein at ionic strength I. Different proteins exhibit 

different values for the constants K  and p  which often permit fractionation of a 

mixture of proteins. A theoretical study has shown that the salting-out of a protein 

can be described as a balance between a salting-in process due to electrostatic effects 

of the salt and a salting-out process due to hydrophobic effects (Melander and 

Horvath, 1977). They viewed protein molecules are spheres covered with 

hydrophobic and charged hydrophilic residues and reported that the attractive forces 

between the hydrophobic regions on the molecules, increased with increased salt 

concentration, thereby inducing greater dipoles. At the same time the development of 

a layer of like charges on the molecule would give a salting-in effect due to increased 

molecular repulsion. Generally the magnitude of the salting out curve is much greater 

than the salting-in effect and a maximum solubility is reached at relatively low salt 

concentrations, with the solubility decreasing at higher salt concentrations.

Ammonium sulphate has a very high solubility and gives high values of K, that is, a 

high degree of protein precipitation over a relatively narrow range of ionic strength. It 

also has a protective effect on protein structure and at high concentration prevents the 

growth of micro-organisms. As such it is one of the more popular salts for salting-out 

(Hoare, 1982).

5.1.3.3 Kinetics of precipitate formation.

An in depth consideration of the theory behind precipitate formation is beyond the 

scope of this work. However in simple terms, when solution conditions are changed 

to favour precipitate formation, in stagnant fluids the formation of protein precipitates 

is a diffusion driven or perikinetic process governed by Brownian motion. Fluid shear
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can increase the precipitation rate and also produce a smaller, more compact particle 

which will survive passage through a centrifuge. Increasing the frequency of particle- 

particle interaction can increase the rate of particle precipitation. Growth of 

precipitates under such shear driven conditions is known as orthokinetic growth.

A precipitation operation must accomplish both initial nucléation and growth of 

individual particles, as well as their subsequent aggregation to give a precipitate size 

convenient for subsequent particle recovery though centrifugation or filtration. 

However the use of excessive shear forces can break up weak precipitates. The Camp 

number, Gt, has been defined where G is the average shear rate in and t is time of 

exposure to shear (Bell and Dunnill, 1982). Studies have shown that fresh precipitates 

subjected to a Camp number of at least 10̂  resulted in the most compact precipitates 

and rapid formation at low rates of shear. However it was recognised that the shear 

rate in a stirred vessel is not homogeneous and that the use of the Camp number is 

perhaps an oversimplification of the mixing environment (Hoare, 1982).

5.1.3.4 Centrifugal recovery of protein precipitates.

Several thorough papers have reviewed the theory behind centrifuge operation and 

centrifugal recovery of precipitates (Bell et a l, 1983) and should be consulted for a 

detailed description of all related factors. However, worthy of note was the insight 

that centrifugal use for precipitate recovery requires sufficient time prior to 

centrifugation to allow for both precipitate formation and stabilisation. The 

requirements for time and shear rate described by Bell et a l, (1983) can be 

summarised as follow;

• Centrifugation requires a precipitate of at least a certain minimum diameter.

• A combined shear rate and time to provide a sufficiently strong floe

• Sufficient stirring to allow good bulk mixing

•  Not excessive hold time prior to centrifugation
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5.1.3.5 Precipitation of alcohol dehydrogenase.

As already discussed, Alcohol dehydrogenase (ADH) has been selected for use as the 

target enzyme for the assessment of packed and expanded bed recovery routes. ADH 

may be precipitated using a variety of methods including addition of 

polyethyleneglycol (Foster et a l, 1973) and salting out through addition of 

ammonium sulphate (Foster et a l, 1971). Richardson et a l, (1990) reported on the 

fractional precipitation of alcohol dehydrogenase to achieve purification of the 

enzyme using ammonium sulphate. Foster et a l, (1976) discussed the precipitation of 

the same enzyme in a continuous stirred tank reactor as opposed to precipitation in a 

batch reactor.

The wealth of information on the precipitation and centrifugal recovery of ADH using 

ammonium sulphate, made this clarification and concentration method very attractive 

for comparison with both the PEI flocculation route and the expanded bed adsorption 

route. Precipitation using ammonium sulphate has the added advantage that the salt 

does not have to be removed prior to hydrophobic interaction chromatography.

5.1.4 Introduction to packed bed clarification method scouting.

This chapter presents the results from a series of experiments in which S.cerevisiae 

cell homogenates were clarified prior to packed bed chromatography. In case study 1, 

centrifugation alone was employed as the method for clarification. Later experiments 

(case studies 2 and 3 respectively), employed batch and continuous PEI flocculation 

to enhance the clarification obtained using centrifugation. Two cut ammonium 

sulphate precipitation was also investigated as case study 4, for its efficiency and 

suitability in debris clarification and protein concentration. Each route is presented 

and assessed by its own merits and a full comparison of the clarification routes with 

each other and with the alternative expanded bed approach will be made in chapter 8.
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5.2 Materials and methods.

5.2.1 Introduction.

The materials and methods used in each of the four clarification case studies along 

with the subsequent packed bed chromatography performed, are presented below.

5.2.2 Case study 1 - Clarification of yeast homogenate by lab-scale 

centrifugation alone.

5.2.2.1 Preparation of cell homogenate

Bakers’ yeast (450g/L (wet weight), 300mL) in buffer (O.IM KH2PO4, pH6.5) was 

disrupted in a high pressure homogeniser (Model Lab 40, APV Crawley, UK) for 5 

discrete passes at 500bar(g) with the temperature maintained below 10°C.

5.2.2.2 Clarification of homogenate

Ammonium sulphate (100% saturated solution in O.IM KH2PO4 , pH6.5, 75mL) was 

added to adjust the salt concentration to 0.78M prior to clarification using a lab 

centrifuge (Model J2-M1, Spinco, Beckman Instruments, Pan Alto, California, USA) 

with a fixed angle rotor (type JA-18) at 16,000rpm (37,800g) for Ih. The supernatant 

was further diluted to approximately 10mg(total protein)/mL using equilibration 

buffer A (0.78M (1 ^ ) 2 8 0 4  in 0.02M KH2PO4 , pH7).

5.2.2.S Column chromatography.

An XK50/40 chromatography column was packed with Phenyl Sepharose FF (low 

sub) matrix to a packed bed height of 0.170m at a superficial liquid velocity of 4m/h 

as described in section 3.2.3. Residence time distribution test were performed to 

assess the quality of packing prior to the first use of the column as described in 

section 3.2.5. A diagram of the XK50/40 column and ancillary equipment is provided 

in Fig.3.1.

The column was equilibrated with 10 column volumes of buffer A at a superficial 

liquid velocity of 2m/h before one column volume (334mL) of supernatant was 

loaded. Unbound material was washed from the column with 6 volumes of buffer A at
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the same flowrate in the downward direction. Elution of bound material was 

performed at 0.75m/h with a step decrease in salt concentration using buffer B 

(0.02M KH2PO4, pH7). Five successive chromatography cycles were performed on 

the same column using fresh batches of clarified yeast homogenate prepared 

according to section 5.2.2.1 and 5.2.2.2. The following CIP protocol was employed 

between cycles in order to regenerate the matrix:

IM NaOH (2.4L, 0.3m/h)

DI-H2O (0.9L, O.lm/h)

30%(v/v) Isopropyl alcohol (0.9L, O.lm/h)

25%(v/v) acetic acid (0.9L, O.lm/h)

DI-H2O (1.5L, O.lm/h)

20%(v/v) ethanol (1.5L, O.lm/h).

5.2.3 Case study 2 - Pilot-scale clarification of yeast homogenate by batch PEI 

flocculation.

A schematic diagram of the pilot-scale process employed in the batch PEI flocculation 

of yeast homogenate and centrifugal clarification is illustrated in Fig. 5.1 and described 

in detail below. Small-scale chromatography cycles were performed using the material 

clarified in the case study to investigate the effect of reversing the direction of flow 

during elution on the shape of the eluted ADH curve from the hydrophobic 

interaction chromatography packed beds.

5.2.3.1 Preparation of homogenate

Baker’s yeast (280g/L(wet weight), 50L) in buffer (O.IM KH2PO4, pH6.5) was 

disrupted in a pilot-scale high-pressure homogeniser (Model K3, APV, Crawley, UK) 

for 5 discrete passes at 500 bar(g) at a throughput of 280L/h. The temperature was 

maintained below 5°C

5.2.3.2 Determination of ratio of PEI to homogenate.

Samples (0.9mL) of the homogenate were added to a series of eppendorf tubes 

(1.5mL) containing 0.1 mL of 10 fold concentrated PEI stock solutions to produce
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Fig. 5.1 Schematic layout of the batch PEI flocculation process for the clarification of
S.cerevisiae cell debris following high pressure homogenisation. Clarification was 
achieved using a CSA-1 disk stack centrifuge and a IP tubular bowl. Supernatant 
from the tubular bowl centrifuge was adjusted to 0.78M ammonium sulphate and 
diluted to 1 Omg(protein)/mL prior to packed bed chromatography.



final PEI concentrations between 0 and l%(w/v) PEI. The eppendorfs were inverted 

several times to mix the contents and spun at 12,400g for 15 minutes using a bench 

top centrifuge (Model M il, Spinco, Beckman Instruments, Pan Alto, California, 

USA). The flocculation and clarification efficiency was assessed by measuring the 

optical density of the supernatant phase at 650nm.

5.2.S.3 Batch PEI flocculation and disk stack centrifugation.

PEI (2%(w/v), pH7, 8.8L) was added to yeast homogenate (SOL) in a 120L stirred 

tank and cooled to 5°C with an external glycol jacket. A peristaltic pump (Model 

605DI, Watson Marlow, Cornwall, UK) was used to feed flocculated yeast 

homogenate at a flowrate of approximately 30L/h to an intermittent discharge disk- 

stack centrifuge (Model CSA-1, Westfalia Separator AG, Oelde, Germany) equipped 

with a hydro-hermetic (soft shear) feed zone. A schematic of the soft feed zone CSA- 

1 centrifuge is presented in Fig.5.2a and a photograph of the machine is provided as 

Fig.5.2b. The centrifuge was operated at a relative centrifugal force of 10,000g and 

approximately 1.7bar(g) back pressure was maintained across the centrifuge. A full 

discharge of the centrifuge was performed every 180s with the feed to the machine 

shut off.

The CSA-1 supernatant pool was further clarified by passing through a tubular bowl 

centrifuge (Model IP, Sharpies, Camberley, Surrey, UK) using a peristaltic pump 

(Model 502S, Watson Marlow) at a flowrate of 30L/h. The centrifijge was operated 

at a bowl speed of 45,000rpm (50,000g). A pre-weighed sheet of acetate was used as 

a liner for the tubular bowl. The liner and separated solids were removed from the 

bowl at the end of the centrifugation run and dried to constant mass over 48 hours at 

90°C. The mass of solids removed during the IP polishing step was subsequently 

determined.

Ammonium sulphate (100% saturated solution in O.IM KH2PO4, pH6.5, 75mL) was 

added to the IP supernatant pool to adjust the salt concentration to 0.78M before 

storing at 5°C overnight. The stored pool was re-assayed for ADH and protein before 

final dilution to 10mg(total protein)/mL for subsequent chromatographic purification.
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Fig. 5 .2a Schematic diagram of a hydro-hermetic (soft shear) CSA-1 
intermittent discharge disk stack centrifuge. 1. Extended feed pipe and 

hydro-hermetic disk; 2 Supernatant discharge line, 3 Cooling chamber; 
4 Disk set, 5 Sediment holding space, 6 Solids discharge, 7 Opening 

chamber; 8 Sliding pistion.

Fig 5 .2b Photograph of CSA-1 centrifuge in operation. Clearly 
visible from the top of the centrifuge bowl is the supernatant outlet 
pipe containing a sight glass through which supernatant quality can

be assessed
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ADH and protein assays were taken in duplicate throughout the clarification process 

to allow a mass balance to be constructed.

5 2.3.4 Small-scale column chromatography.

An XK16/20 chromatography column was packed with Phenyl Sepharose FF (low 

sub) matrix to a final bed height of 0.125 m at a superficial liquid velocity of 4m/h 

(0.80L/h) using Dl-water. After equilibration of the column with buffer A, two 

column volumes of supernatant, clarified as described above, were loaded onto the 

column. In one chromatography cycle, the wash and elution stages were performed in 

the reverse flow direction to the direction of flow during the load while in the second 

cycle, the wash and elution stages followed the same direction as the load. The details 

of both cycles are summarised in Table 5.1. Fractions from both cycles were collected 

every 90s and assayed for ADH and protein.

Chromatography

stage

Superficial 

liquid velocity 

(m/h)

Direction of flow

Volume loaded 

(col. vol.)

Cycle 1 

Reverse wash 

and elution

Cvcle 2 

Forward wash 

and elution
Equilibration 2.0 10 4 4

Load 2.0 2 4 4

Wash 2.0 5 t 4

Elution 0.75 10 t 4

Table 5.1. Summary o f XKl 6/20 chromatography experiments to investigate the 
effect o f load and elution direction on ADH elution profile and chromatographic

performance.

A 10 column volume load of IM NaOH followed by 10 column volumes of DI-water 

formed the CIP protocol used between the two cycles. The CIP fractions were also 

pooled and assayed for residual protein.

5.2.4 Case study 3 - Pilot-scale clarification of yeast homogenate by continuous 

in-line PEI flocculation.

In a refinement to the pilot-scale batch PEI flocculation procedure described earlier 

(section 5.2.3) a continuous flocculation procedure was developed (Fig.5.3) and is
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Fig.5.3

Homogenisation-K3
Continuous "in-line" PEI Flocculation 
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Schematic layout of the continuous PEI flocculation process for the clarification of 
S.cerevisiae cell debris following high pressure homogenisation. Mixing of the 
homogenate and PEI solutions was performed in a T-piece upstream of the CSA-1 
centrifuge.
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described below. A small-scale chromatography cycle was performed in which 

clarified material was loaded to 100% breakthrough of ADH. Thus the total binding 

capacity of the hydrophobic matrix for this clarified material could be evaluated. A 

slightly larger chromatography cycle was also performed in which loading was 

stopped at a ADH breakthrough level of 5% to realistically simulate industrial 

recovery processes operated with high yield. The chromatography runs are described 

towards the end of this case study.

5.2.4.1 Preparation of homogenate

Baker’s yeast (280g/L(wet weight), 60L) in buffer (O.IM KH2PO4, pH6.5) was 

disrupted in a pilot-scale high-pressure homogeniser (Model K3) for 5 discrete passes 

at 500 bar(g) at a throughput of 280L/h and temperatures maintained below 5°C.

5.2.4.2 Determination of ratio of PEI to homogenate.

A volume of homogenate was added to an appropriate volume of PEI (l%(w/v) 

pH6.5) in a l.SmL eppendorf according to Table 5.2. The eppendorfs were mixed by 

inversion and spun at 12,400g for 15 minutes using a bench top centrifijge (Model 

M il). The optical density of the supernatant at 650nm was measured using a 

spectrophotometer (Model 922, Kontron Instruments Ltd., Watford, UK). Assays 

were performed in duplicate with a reproducibility of ±5%.

PEI Ratio 

%tw/vl

Homogenate

(mL)

PEI

(mL)
0 0 1.5

0.1 0.15 1.35
0.2 0.3 1.2
0.3 0.45 1.05
0.4 0.6 0.9
0.5 0.75 0.75
0.6 0.9 0.6

Table 5.2. Volume o f 1% (w/v) PEI pH6.5 necessary for addition 
to yeast homogenate in determining correct mix ratio for flocculation.

5.2 4.3 Continuous “in-line” PEI flocculation and centrifugal clarification.

Two tanks, one filled with homogenate, the other with PEI (l%(w/v), pH6.5) were 

connected to two lobe pumps (6mm port diameters, pumping capacity =2.05L/100
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rev.; 25NDM pump heads, SSP Pumps Eastbourne, UK) and fed continuously to a 

mixing T-piece where flocculation of the cell debris occurred.

The appropriate mix ratio of PEI to homogenate was set by differing the individual 

flowrate on either lobe pump. Check valves between the lobe pumps and the tanks 

prevented the back flow of liquid from the T-piece. For a final flowrate of 30L/h and 

a mix ratio of PEI to homogenate of 0.3%(w/v) the PEI pump was set to 9.0 L/h 

while the homogenate pump was set to 21 L/h

The resultant mixture was pumped into the hydro-hermetic feed zone CSA-1 

centrifuge for solid-liquid separation. The quality of the supernatant in the outlet from 

the CSA-1 centrifuge was continuously monitored by visual inspection through a 

sight glass in the supernatant outlet pipe. Full discharges of the bowl were carried out 

every 150s with flow to the machine stopped.

To ascertain whether any further clarification could be achieved by passing the CSA-1 

supernatant through the IP tubular bowl, a rapid laboratory mimic of the clarification 

one might expect from the IP was performed on two samples of the CSA-1 

supernatant pool. This small scale mimic was performed as follows:

Two samples of the CSA-1 supernatant pool were spun in a bench top centrifuge 

(Model J2-M1, Spinco, Beckman Instruments, Pan Alto, California, USA) with a 

fixed angle rotor (type JA-20.1) at 19,500rpm (49,000g) for 600s. The contents of 

one of the tubes was adjusted to 0.78M ammonium sulphate prior to centrifugation. 

Visual inspection was employed to compare the relative amount of sedimented solids 

in the centrifuge tubes after clarification with a sample of the unspun CSA-1 

supernatant.

Ammonium sulphate (100% saturated solution in O.IM KH2PO4, pH6.5) was added 

to the CSA-1 supernatant pool to adjust the salt concentration to 0.78M. ADH and 

protein assays were performed in duplicate at each stage of the process for the 

completion of a mass balance.
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5.2.4.4 Total binding capacity of Phenyl Sepharose FF (low sub) for ADH.

An X K l6/20 column packed with Phenyl Sepharose FF (low sub) to a final bed 

height of 0.15m was equilibrated with 10 volumes of buffer A at a superficial liquid 

velocity of 2m/h. Clarified material prepared as described in section 5.2.4, was loaded 

onto the column at the same flowrate in the same direction as equilibration buffer. 

Fractions were collected every 120s and the concentration of ADH in the outlet from 

the column was assayed on collection of the fraction. Loading proceeded to total 

breakthrough as defined by the outlet concentration of ADH in three successive 

fractions being equal to the inlet concentration. At this point, the flow to the column 

was switched from supernatant to buffer A and 15 volumes were used to wash the 

column before the flowrate was decreased to 0.75m/h and a step change to buffer B 

was applied to elute bound material.

Eluted fraction were pooled and assayed for ADH and protein. The total ADH eluted 

per unit volume of matrix corresponded to the total binding capacity (TBC) of the 

matrix for ADH.

5.2.4.5 Dynamic binding capacity of Phenyl Sepharose FF (low sub) for ADH.

The XK50/40 column prepared and equilibrated as previously described (section 

5.2.2.3) was loaded with supernatant at 2m/h until the breakthrough of ADH reached 

approximately 5% of the inlet concentration. Unbound material was washed from the 

column in the reverse direction to loading with 7.5 volumes of buffer A. Bound ADH 

was eluted with a step decrease in salt concentration by applying buffer B to the 

column at 0.75m/h. The total ADH eluted per unit volume of matrix corresponded to 

the dynamic binding capacity (DBC) of the matrix for ADH at a breakthrough of 5% 

under the adsorption conditions chosen. The column was regenerated with a CIP 

cycle as described in section 5.2.2.3.

5.2.5 Case study 4 - Pilot-scale clarification of yeast homogenate by two-cut 

fractional precipitation.

A schematic diagram of the process for the clarification of yeast cell debris following 

homogenisation and subsequent two cut ammonium sulphate precipitation is

168



illustrated in Fig. 5.4. Following clarification, a lab-scale chromatography cycle 

similar to the one described in section 5.2.4.5 was performed using the clarified 

material.

5.2.5.1 Preparation of homogenate

Yeast homogenate (60L) was prepared as described in section 5.2.5.1.

5.1.5.2 Debris removal

A peristaltic pump (Model 605DI) was used to pump homogenate at 50L/h to the 

CSA-1 centrifiige equipped with a soft feed zone for initial debris removal. A 

breakthrough curve for the centrifuge was constructed by visual examination of 

supernatant optical density every 30s for the first 300s. The approximate time 

required for the bowl to fill with solids was determined and a full discharge was 

performed every 2 1 0 s with the feed to the machine shut off.

5.2.5.S 40% Ammonium sulphate precipitation and centrifugal recovery.

Clarified homogenate was transferred to a 120L stirred tank equipped with an 

external cooling jacket filled with glycol. The dimensions of the stirred tank are given 

in table 5.3. Ammonium sulphate (100% saturated solution in O.IM KH2PO4, pH6.5) 

was added to the stirred tank to raise the salt concentration to 40% saturation 

according to the equation:

Vol. of saturated solution (L) = —— -— 5. 2
1 - ^ 2

where Vch was the volume of clarified homogenate.

The precipitate was allowed to form and age over 0.66h at a shear rate of 44s'^ 

(Gt=10^) at 5°C. After this period, a peristaltic pump (Model 605DI) was used to 

pump the 40% precipitate at 50L/h to the CSA-1 equipped with a soft feed zone for 

recovery of the supernatant phase. A breakthrough curve for the centrifuge was 

developed and fijll discharges of the bowl were performed every 300s with the feed to 

the machine stopped.
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Fig.5.4. Schematic layout of the process for the clarification of S.cerevisiae cell debris
following homogenisation and subsequent fractional precipitation of the target 
enzyme, ADH. Initial clarification of cell debris was achieved using the CSA-1 
centrifuge. Two cut ammonium sulphate precipitation was then employed to both 
further clarify and concentrate the target enzyme ADH prior to packed bed 
chromatography.



Dimension Reactor Volume 120L

Tank height, H, (m) 0.158

Tank diameter, dt, (m) 0.105

Impeller diameter, di, (m) 0.035

Baffle width, dy, (m) 0 . 0 1

Table 5.3. Volume o f 1 % (w/v) PEI pH6.5 necessary for addition 
to yeast homogenate in determining correct mix ratio for flocculation.

5.2.5.4 60% Ammonium sulphate precipitation and centrifugal recovery.

The supernatant from the 40% cut was returned to the 120L vessel and the salt 

concentration was increased to 60% saturation and allowed to from over 0 .6 6 h again 

at a shear rate of 44s‘  ̂ (Gt=10^). The 60% precipitate was then pumped to the CSA-1 

at 25L/h to recovery the slurry. A full discharge of the bowl contents was performed 

every 600s with the feed to the machine stopped. Prior to further purification, the 

60% slurry was diluted 3 fold to reduce the salt concentration to 20% saturation 

(0.78M) allowing the ADH to resolubilise. ADH and protein assays were performed 

in duplicate to allow a mass balance to be constructed.

5.2.5.5 Column chromatography.

An XK50/40 column was packed with Phenyl Sepharose FF (low sub) to a final bed 

height of 0.125m as described in section 3.2.3. RTD tests were performed to assess 

the quality of packing prior to use as described in section 3.2.5. The column was 

equilibrated with 1 0  volumes of buffer A at a superficial liquid velocity of 2m/h. 

Supernatant was loaded onto the column at the same flowrate and in the same 

direction as the equilibration buffer. Fractions (130mL) were every 120s and the 

concentration of ADH in the outlet from the column was assayed immediately on 

collection of the fraction.

When the breakthrough of ADH reached 5% of the inlet concentration, flow to the 

column was switched from supernatant to buffer A and the direction of flow reversed. 

Approximately 7.5 volumes of buffer were used to wash the column before the
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flowrate was decreased to 0.75m/h and a step change to buffer B was applied to elute 

bound material. The CIP protocol as described in section 5.2.2.3 was used to 

regenerate the column.

5.3 Results and discussion.

5.3.1 Case study 1 - Clarification of yeast homogenate by lab-scale 

centrifugation alone.

The quantity of material that can be processed in a batch lab-scale centrifuge is 

generally limited by the size of the centrifuge itself. Small volumes of material can be 

processed at very high centrifugal forces resulting high levels of solid-liquid 

separation. However as the volume of material to be clarified increases, the required 

increase in the size of the centrifuge rotor, generally results in a lower relative 

centrifugal field and hence poorer solid-liquid separation for a given size of 

centrifuge. The Beckman J2-M1 centrifuge used in this case study was capable of 

clarifying IL of homogenate at a relative centrifugal force of 37,800g whilst 

maintaining a temperature of 4°C. This centrifugal force is lower than those achieved 

in tubular bowl centrifuges, but higher than those achieve in disc stack machines and 

therefore one would expect to obtained considerable clarification at such g forces.

However after clarification in this case, very high solid liquid separation was not 

achieved. This was thought to be due to both the relatively high viscosity of the 

homogenate prior to centrifugation and the relatively low density of the colloidal 

material to be separated. A such, the small quantity of colloidal debris remaining in 

the “clarified” homogenate was loaded onto the chromatography stage. The 

accumulation of this material on the column was quickly observed over a number of 

chromatography cycles as discussed in the following section.

5.3.1.1 Column cbromatograpby.

After clarification and dilution to 10mg(protein)/mL one column volume of clarified 

homogenate (section 5.3.1) was loaded onto the XK50/40 column in a series of five 

identically repeated chromatography cycles. The concentration of ADH loaded onto 

the column was approximately lOOU/mL. Initially no ADH was detected in the
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breakthrough or wash stage fractions indicating a strong adsorption of ADH to the 

virgin matrix. The use of a step decrease in salt concentration to elute bound ADH 

and protein produced a series of interesting chromatograms over the repeated cycles, 

an example of which is presented in Fig.5.5. The results from three of the five 

successive chromatography cycles applied to the packed bed are summarised in Table 

5.4.

Cycle

number

ADH

load

(U)

Protein

load

(mg)

ADH

wash

(U)

Protein

wash

(mg)

ADH

eluted*

(U)

Protein

eluted

(mg)

Yield

ADH

(%)

ADH Mass 

Balance 

(%)

I 31,774 3,374 11 1452 27,356 786 86 86

3 39,622 3,388 3 1498 29,225 1556 71 71

5 37,953 3,468 4 1405 21,817 888 58 58

Table 5.4. Mass balances for five successive loads o f supernatant onto an XK50/40 
packed bed. Clarification was achieved through high speed centrifugation. Levels o f  

ADH in the supernatant was approximately lOOU/mL with protein at lOmg/mL.

In all five chromatography cycles, the majority of protein bound to the column was 

eluted as a narrow peak after applying one column volume of eluate. These proteins 

were eluted immediately due to their weaker interaction strength with the 

hydrophobic matrix. Evidence for this decreased strength of interaction may be seen 

in Fig.4.7b, where the immediate breakthrough of bulk protein was followed by a 

shallower beakthrough of the more strongly adsorbed ADH.

With reference to Fig.5.5 the eluted ADH was found to emerge from the column over 

a much larger volume with considerable peak tailing. The shape of the eluted ADH 

peak broadened as the number of cycles applied to the column increased. The broad 

ADH peak was thought to be caused by the interaction of eluted enzyme with 

hydrophobic regions further along the length of the column, not saturated with ADH, 

as the salt concentration decreased from 0.78 to CM. The continual adsorption and 

desorption of ADH during elution would then produce the characteristically broad 

and shallow peak observed in comparison to the bulk protein peak. It has been 

reported in the literature that HIC processes are typified by slow adsorption and
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Fig.5.5 Recovery of ADH from a one column volume load of clarified
S.cerevisiae homogenate from an XK50/40 packed bed, containing 
Phenyl Sepharose FF (low sub) matrix packed to a bed height of 
0.175m. The load, wash and elution stages were all performed with 
flow in the downward direction, producing the characteristic broad 
elution profile for ADH. The volume at which elution was started 
is indicated by the dashed line and was achieved using a step 
decrease in ammonium sulphate concentration from 0.78M to OM 
by applying buffer B (0 .0 2 M KH2PO4, pH7) onto the column.
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desorption characteristics as opposed to the more rapid on/off type interactions that 

can be encountered with other types of chromatography. Even after 10 column 

volumes of elution buffer had been applied to the column a significant amount of 

ADH was still present in the outlet from the column. Time constraints did not allow 

for extended elution periods and in the first cycle approximately 14% of bound ADH 

had not eluted when the experiment was terminated.

After five successive cycles the yield of ADH was observed to have decreased fi'om 

8 6 % to 56% with a corresponding change in the shape of the eluted ADH profile 

which indicated that the column matrix had experienced some degree of irreversible 

fouling despite a very thorough CEP protocol between the chromatography runs.

It was apparent that bench top centrifugation alone was not capable of producing 

material suitable for application to packed beds. As the scale of operation was to be 

increased considerably, bench top clarification was abandoned in favour of continuous 

flow centrifuges capable of handling larger volumes. However as these machines are 

characterised by lower g forces than lab-scale centrifuges, and therefore less efficient 

clarification, an attempt to increase the efficiency of centrifugal clarification through 

precipitation and flocculation was made. These enhanced clarification procedures are 

the subject of the remaining case studies described in the following sections.

5.3.2 Case study 2 - Pilot-scale clarification of yeast homogenate by batch PEI 

flocculation.

A pilot scale process for the clarification of yeast homogenate was developed in 

which the performance of a disk stack centrifuge was enhanced by pre-treating the 

yeast homogenate with polyethyleneimine. A mass balance for the pilot-scale process 

is illustrated in Fig.5. 6  and a purification table for the process is given in table 5.5.

5.3.2.1 Determination of ratio of PEI to homogenate.

Laboratory scale experiments performed to determine the optimum mix ratio of PEI 

to homogenate were conducted and for the particular batch of homogenate in 

question; a final PEI concentration of approximately 0.3%(w/v) was found to 

produce the best centrifugal clarification.
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Fig.5. 6  Mass balance of the batch PEI flocculation process for the
clarification of S.cerevisiae cell debris following high pressure 
homogenisation. The overall yield for ADH was 47% with a 
purification factor of 1 .6 .
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5.S.2.2 Batch PEI flocculation and disk stack centrifugation.

In the pilot plant the above mix ratio was achieved by adding 8.82 L of 2%(w/v) PEI 

at pH7 to 50L of yeast homogenate and since flocculation of the cell debris occurred 

almost instantly, ageing of the flocculated stream was not required. Clarification of 

the flocculated cell debris was achieved using a CSA-1 intermittent discharge disk 

stack centrifuge. The main reason for the use of this centrifuge was that its standard 

semi-hermetic feed zone could be replaced by a low shear or hydro-hermetic feed 

zone which acts to minimise the shear forces experienced in the feed zone to the 

centrifuge and helps to decrease losses due to shear sensitivity. To obtain the full 

effects from the hydro-hermetic bowl, the flowrate through the centrifuge must be 

greater than 50L/h. However previous trials had shown that better clarification could 

be obtained by operating the centrifuge at a lower feed flowrate and so a final 

flowrate of 30L/h was selected as compromise between acceptable clarification and 

potential losses due to shear.

Table 5.5 illustrates that the largest drop in yield occurred over the CSA-1 

clarification stage. This was more a problem of the scale of operation rather than a 

problem with the technique itself. The flocculated yeast homogenate solution entering 

the centrifuge had a high solids content of approximately 80g/L (dry weight). The 

CSA-1 bowl has a solids capacity of approximately 0.6L and this filled rapidly, 

resulting in a need for a full discharge every 180s. The centrifuge was deliberately 

operated to maximise the clarification obtained at the expense of yield. Approximately 

half the total liquid volume processed by the centrifuge was lost during the full 

discharges and this was reflected in the 54% yield for the centrifugation step. Despite 

the lower than expected yield, a 1 . 6  fold purification of the target enzyme was 

obtained through flocculation and centrifugal recovery.
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Total Total Specific

Purification Volume ADH Protein activity PF Yield

stage (L) (U*10^) (mg* 10 )̂ (U/mg) (-) (%)

[A] Homogenate 50 14,350 1,695 8.47 - 100

[B] Slurry 29.3 4,289 719 5.96 0.70 30

[C] Supematant 29.5 7,817 581 13.45 1.59 54

[D] IP Supemat. 29 7,830 568 13.78 1.63 55

[E] Adjust to 0.78M 36.2 7,529 637 11.82 1.40 52

[F]
(NH4)2S04 
After overnight 36.2 6,045 626 9.66 1.14 42

[G]
storage
Product (diluted to 

~10mg/mL)

62.7 6,765 617 10.94 1.29 47

Table 5.5, Purification table for the disruption o f S.cerevisiae and subsequent 
clarification through batch PEI flocculation and centrifugation.

Visual inspection of a sample from the CSA- 1  supematant pool suggested that further 

clarification was required before further packed bed purification. This visual 

assumption was confirmed in the laboratory by centrifuging two samples of the 

supematant pool at similar relative centrifugal fields to those generated in the 

Sharpies IP tubular bowl. Visual inspection of the amount of separated solids at the 

bottom of the centrifuge tubes indicated that a considerable amount of further 

clarification could be obtained by polishing the CSA-1 supematant pool using the IP. 

Addition of ammonium sulphate prior to centrifugation appeared to decrease the 

amount of separated solids. However the decrease in the separated solids was 

probably due to a “salting-in” effect where some otherwise insoluble protein or 

component was made soluble after the addition of the salt. As a result, ammonium 

sulphate was not added prior to the tubular bowl polishing stage. A small but 

significant degree of purification was obtained over the IP tubular bowl stage and for 

a feed volume of 29.5L approximately 192.3g of wet solids (88,5g dry solids) were 

removed.

After polishing with the IP, the supematant pool was adjusted to 20% saturation 

ammonium sulphate through the addition of a 100% saturated solution. The purity of
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the pool decreased on addition of the salt, again this was probably due to a “salting- 

in” effect of the ammonium sulphate on some insoluble protein components. The 

IPsupemantant, adjusted to 20% saturation ammonium sulphate, was then stored 

overnight prior to application on the column and as expected the level of ADH in 

solution decreased with storage, probable due to proteolytic activity. Finally prior to 

loading onto the packed bed columns the feed was diluted to 10mg(total protein)/mL 

resulting in an ADH level of approximately lOOU/mL.

The batch PEI flocculation process resulted in a pool of material, suitable for 

subsequent packed bed chromatography, with a yield of 47% and an overall 

purification factor of 1.29.

S.3.2.3 Small-scale column chromatography- Influence of elution direction on 

ADH elution volume and purification.

Previous chromatography runs had demonstrated broad ADH elution profiles from 

packed beds of Phenyl Sepharose FF (low sub). This was thought to be caused by 

adsorption of the eluted enzyme onto free hydrophobic regions further along the 

column, at salt concentrations lower than 0.78M ammonium sulphate.

In order to test this hypothesis, an XK16/20 column was loaded with two column 

volumes of supematant clarified through the above pilot-scale purification scheme. In 

one experiment, the reverse elution cycle, washing and elution of the bound material 

was performed in the reverse direction of flow to that used during the load. In a 

second experiment, wash and elution were performed in the same direction as the 

load (forward elution cycle). If the broad peaks obtained previously were due to 

adsorption of eluted ADH to free hydrophobic regions further down the column, then 

the reverse elution cycle would prevent eluted ADH interacting with those 

unoccupied sites, resulting in rapid elution of the enzyme.

The results from the reverse elution cycle appeared to confirm the above hypothesis 

(Fig.5.7a). For the two column volume load, no initial breakthrough of ADH was 

observed. On reversing the direction of flow during the wash stage, unbound ADH 

was immediately washed from the column. Reverse elution produced an ADH peak 

identical in appearance and elution volume as the protein peak. 96% of the total
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Fig.5.7 Recovery of ADH and protein from a 2 column volume load of
clarified S.cerevisiae homogenate, loaded onto an XK 16/20 
column packed with Phenyl Sepharose FF (low sub) to a height of 
0.15m. Clarification was achieved via continuous PEI flocculation 
and CSA-1 centrifugation, (a) Washing and elution were 
performed in the reverse direction of flow to loading, (b) Washing 
and elution were performed in same direction of flow to loading. 
Increased resolution and therefore purification were obtained with 
reverse wash and elution, at the cost of increased cycle time.
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eluted ADH was eluted over 1 column volume. By comparison the chromatogram for 

the forward wash and elution cycle (Fig.5.7b) produced a tight protein peak identical 

to that in Fig5.7a and yet a broader ADH elution peak. Here, 98% of eluted ADH 

was eluted over approximately 3 column volumes.

One consequence of reverse washing and elution in this instance was a lower step 

yield (Table 5.6a). A small proportion of the ADH and protein in the load was lost 

from the column by reversing the direction of flow during the wash therefore the yield 

for this cycle was lower than that obtained with the forward elution cycle (Table 

5.6b). The purification factor for the reverse cycle eluate, on combining all eluted 

fractions, was correspondingly higher, again due to the loss of a portion of the 

contaminating protein during the reverse wash stage.

The forward elution cycle did, however, have the advantage that selective pooling of 

certain fractions was capable of producing a considerable degree of purification due 

to the resolution between the ADH and protein peaks. Fig.5.8 a illustrates the forward 

elution cycle profiles for both ADH and protein while Fig.5.8 b shows the purity and 

yield of each individual elution fraction. These fractions could be pooled in any 

number of combinations to produce a certain purity at a specific yield. However 

common sense would dictate that for maximum purification and yield, fractions would 

be pooled from the tail end of the ADH peak backwards towards the contaminating 

protein peak.

Thus the purification and yield of the pooled fractions would initially rise as 

proportionally more ADH was added to the pool relative to protein. Ultimately a 

point would be reached beyond which adding further fractions to maximise the yield 

would begin to reduce the purity of the pool. This point was reached at a purification 

factor of 8 . 8  and a yield of 54%. However it was possible to increase the yield to 

79% whilst maintaining the purity of the pool at 8.21. This is illustrated in Fig.5.8 c 

which demonstrates clearly the trade off that exists between purification factor and 

yield.
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Chromatography

stage Volume

(mL)

Total

ADH

(U)

Total

Protein

(mg)

PF*

(-)

Yield

(%)

Load 50 5,395 493 1 100

Breakthrough 50 0 0 - 0

Wash 250 1,284 402 - 24

Eluate 500 4,002 114 3.22 74

Table 5.6a. Purification table and mass balance for the XK 16/20 column loaded 
with batch PEI clarified supematant. Washing and elution performed in the reverse 
direction to flow to loading. "^Purification factors are given relative to column feed

Total Total

Chromatography

stage

Volume

(mL)

ADH

(U)

Protein

(mg)

PF*

(-)

Yield

(%)

Load 50 5,395 493 1 100

Breakthrough 50 0 0 - -

Wash 250 1.8 302.6 - -

Eluate 500 5,542 199.2 2.54 >100

Table 5.6b. Purification table and mass balance for the XK16/20 column loaded 
with batch PEI clarified supernatant. Washing and elution performed in the same 

direction to flow as loading. ^Purification factors are given relative to column feed.

In summary, reversing the direction of wash and elution following loading 

considerably reduced both the time and buffer volumes required for elution in 

comparison to washing and elution in the forward direction. For recovery of all eluted 

fractions, reverse elution resulted in a higher purification for all pooled fractions due 

to the removal of a portion of the contaminating protein. However this was at the 

expense of a drop in the overall yield. Reversing the direction of elution was chosen 

as the preferred method for future packed bed chromatographic operations.
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5.3.3 Case study 3 - Pilot-scale clarification of yeast homogenate by continuous 

in-line PEI flocculation.

The use of batch PEI flocculation was found to result in several operational problems, 

not the least of which was a low overall yield. The pH of the PEI was subsequently 

found to play an important role in the flocculation process with pH6.5 producing a 

more specific flocculation of cell debris and protein. The use of larger volumes of 

lower concentration PEI solutions were also found to yield better clarification in 

small-scale laboratory experiments. As previously mentioned, the use of a more dilute 

PEI solution might also be expected to increase centrifugal performance through a 

slight dilution of the centrifuge feed stream. The use of concentrated stock solutions 

in the off-line determination of the PEI to homogenate mix ratio, was later found to 

yield differing results depending on the concentration of the PEI stock employed. 

Finally the use of a batch PEI flocculation resulted in a less flexible operating 

procedure. The homogenate feed stream always needed off-line analysis to check on 

the correct mix ratio, a process taking approximately 0.5h.

The method of addition of PEI to the homogenate was another cause for concern. 

Despite using the lowest possible stirrer setting on the tank agitator, a large amount 

of air was entrained in the flocculant stream. Studies have shown that the density of 

streams with entrapped air are lower than the same liquid without air resulting in 

poorer centrifugal separation of the flocculant stream (Hoare, 1982). Thus mixing in 

the absence of an air-liquid interface at low shear would help to increase centrifugal 

performance.

A number of these observations were used to develop further the actual flocculation 

process. A 1% (w/v) PEI solution at pH6.5 was subsequently employed for the 

flocculation of cell debris as opposed to the higher concentration previously used. 

Off-line determination of the appropriate mix ratio was performed using a sample of 

the pilot-plant stock solution of l%(w/v) PEI. Thus any errors incorporated due to 

differences between the two PEI stock solutions were eliminated. '

The method of mixing the homogenate and PEI was changed from a batch to a

continuous addition process. Two lobe pumps were used to mix the two streams

together at a T-piece junction eliminating the problem of air entrapment and a
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subsequent decrease in the clarification efficiency. The use of the two pumps meant 

that the mix ratio could be altered during processing to reflect any variations in the 

quality of the homogenate. In theory, this eliminated the need for an off-line 

determination of the correct mixing ratio. Different ratios could be investigated in-si tu 

through altering the relative flowrates on both pumps. However an off-line check on 

the PEI to homogenate ratio was still carried out as a precautionary measure.

5.3.3.1 Off-line determination of PEI to homogenate mix ratio.

Using the method described in section 5.2.4.2, the optimum mix ratio for PEI to 

homogenate was found to be approximately 0.3%(w/v) PEI.

5.3.3.2 Continuous PEI flocculation and disk stack centrifugation.

The overall mass balance of the continuous PEI flocculation process is illustrated in 

Fig.5.9. To achieve the above PEI concentration through in-line mixing, the two feed 

pumps were set to different flowrates; 9L/h for the PEI pump and 21L/h for the 

homogenate pump thus resulting in a final flowrate to the centrifuge of 30L/h. A mass 

balance for the continuous flocculation process is given in Fig.5.9 and the purification 

table for the pilot-plant clarification route is provided in Table 5.7.

The CSA-1 centrifuge was again operated to sacrifice yield for clarification with full 

discharges performed every 150s. The yield for ADH over the CSA-1 clarification 

stage was 61% with a purification factor of 2.03 both of which exceed the relevant 

figures obtained using the batch PEI flocculation route described earlier (section 

5.3.2). Two lOmL samples were removed from the CSA-1 supematant pool and 

clarified at a relative centrifugal field of 49,000g in the J2-M1 centrifuge. In 

comparison to the same test performed from the batch PEI route, an extremely small 

amount of solids was recovered at the bottom of the OM salt centrifuge tube. In the 

tube to which ammonium sulphate had been added, no separated solids were 

recovered at all, indicating that the solids recovered where solubilised at 0.78M 

ammonium sulphate. Therefore no additional clarification would be obtained by 

passing the CSA-1 supematant pool through the IP centrifuge. The CSA-1 

supematant was immediately adjusted to 0.78M ammonium sulphate through the 

addition of a 1 0 0 % saturated solution and this dilution step alone was sufficient to
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60L 280g/L Bakers Yeast 
inO.IMKHzPO^at pH6.5

5 passes 
500 barg 
Q=280L/h

3 volumes PEI to 
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Semi-hermetic 
feed zone 
Q=30L/h

ADH=282 U/mL 
TP = 29.2 mg/mL

60L Yeast homogenate

1%(w/v)PEI 
pH6.5, 25.7L

41.1 L Slurry

ADH= 128 U/mL 
TP = 24.5 mg/mLADH=244 U/mL 

TP = 13.3 mg/mL
42.3 L Supematant

_  10.6L,
100% sat. (NH,)2SO.

ADH=210 U/mL 
TP = 10.5 mg/mL

52.9 L Supematant
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Clarified Protein Pool

Fig.5.9 Mass balance of the continuous PEI flocculation process for the
clarification of S.cerevisiae cell debris following high pressure 
homogenisation. The overall yield for ADH was 65.6% with a 
purification factor of 2.07
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bring the overall protein concentration to lOmg/mL indicating that the overall 

purification for the clarification scheme was greater than that obtained with the batch 

PEI route.

Purification

stage

Volume

(L)

Total

ADH

(U*1Q3)

Total 

Protein 

(mg* 10 )̂

Specific

activity

(U/mg)

PF

(-)

Yield

(%)

[A] Homogenate 60 16,920 1,752 9.65 1 100

[B] CSA-1 Slurry. 41.1 5,260 1,005 5.23 0.54 31

[C] CSA-1 Supematant 42.3 10,321 562.6 19.6 2.03 61

[D] Adjust to 0.78M 

(NHi)2 S0 4  -column feed

52.9 11,109 555.4 20.0 2.07 65.6

Table 5.7. Mass balance and purification table for the disruption o f S.cerevisiae and 
subsequent clarification through continuous PEI flocculation and centrifugation.

The supematant was not stored overnight but used immediately in two 

chromatography cycles. In one clarified material was loaded to 100% ADH 

breakthrough to determine the total binding capacity of the hydrophobic matrix for 

ADH. In a second cycle on a larger column, material was loaded to ~5% ADH 

breakthrough to mimic realistic operations in which columns are operated at high 

yield. Both cycles are described in detail in the following sections.

S.3.3.3 Total binding capacity of Phenyl Sepharose FF (low sub) for ADH.

An XK 16/20 column containing 30mL packed volume of Phenyl Sepharose FF (low 

sub) matrix was loaded to 100% breakthrough of ADH with 1232.8mL of 

supematant having an ADH concentration of 210U/mL and a background protein 

level of 10.5mg/mL. Reverse wash and elution was employed to complete the 

chromatogram which is illustrated in Fig.5.10a. The breakthrough of ADH and 

protein during the loading stage is highlighted in Fig.5.10b. A summary of the 

chromatography run is provided in Table 5.8.

A full mass balance was not possible over this column as not every collected fraction 

was assayed for ADH and protein. The total binding capacity (TEC) of the matrix for
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Fig.5.10 (a) Full chromatogram for the recovery of ADH and protein from a
40 column volume load of clarified S.cerevisiae homogenate, to 
100% breakthrough of ADH, onto an XK 16/20 column packed 
with Phenyl Sepharose FF (low sub) to a height of 0.15m. Reverse 
direction wash and elution were applied to the column after 
loading, (b) Breakthrough portion only from the above 
chromatogram for ADH and protein during the load of 40 volumes 
of supematant onto the column.
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ADH was determined by dividing the total amount of ADH eluted from the saturated 

column by the packed volume of the column. The TBC for Phenyl Sepharose matrix 

was therefore determined to be 2,763U/mL packed matrix. It is interesting to note 

that 41 column volumes of material, purified to a specific activity of 2 0 . 0  were 

required to reach 100% breakthrough. An earlier attempt to calculate the TBC of the 

matrix in section 2.3.2.4, required approximately 80 column volumes of supematant 

with a specific activity of 11.2, to reach 100% breakthrough. Thus twice the volume 

of supematant with half the purity was required to reach the same breakthrough. The 

final TBC determined in section 2 .3.2.4 was 3013U/mL which was within 10% of the 

value calculated here.

Total Total

Chromatography Volume ADH Protein PF* Yield

stage (mL) (U) (mg) (-) (%)

Load 1 ,2 3 2 .8 2 5 8 ,8 8 8 1 2 ,9 3 6 1 100

Eluate 105 8 2 ,8 9 2 5 1 9 .6 7.98 32

Table 5.8. Summary o f the XK16/20 Phenyl Sepharose chromatography cycle, 
loaded to 100% breakthrough with clarified S.cerevisiae supematant. "^Purification 

factors are given relative to column feed. Relative to homogenate, the total 
purification after chromatography was 16.52.

5.3 3.4 Dynamic binding capacity of Phenyl Sepharose FF (low sub) for ADH.

The above total binding capacity was determined at a yield of 32%. Realistic 

industrial chromatography operations are not operated with such low yields. Columns 

are loaded such that as little feed material is wasted as possible, therefore loading of 

feed material would be stopped when the breakthrough of material in the outlet 

stream from the column reached a certain level. This level is often taken to be equal 

to 1% or 5% breakthrough (C/Co).

In this chromatography cycle an XK50/40 packed bed was loaded with supematant 

from the continuous mixing flocculation scheme until an ADH breakthrough of 

approximately 5% was reached. Washing and elution were performed in the reverse
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direction to loading. The chromatogram for the chromatography cycle is illustrated in 

Fig.5.11 with the mass balance over the chromatography step in Table 5.9

Chromatography

stage

Volume

(mL)

Total

ADH

(U)

Total

Protein

(mg)

PF*

(-)

Yield

(%)

Load 2,964 621,254 31,062 1 100

Breakthrough 2,964 7,011 22,293 - 1.1

Wash 1,828 110,702 5,121 - 17.8

Eluate 1,470 445,816 3,852 5.78 72

table 5.9. Summary o f the XK16/20 Phenyl Sepharose chromatography cycle loaded 
to ~5% breakthrough o f ADH with clarified S.cerevisiae supernatant. "^^Purification 

factors are given relative to column feed.

Unfortunately due an error in the assaying the breakthrough fractions for this cycle, 

the column was only loaded with 2.964L of supematant to a breakthrough of 3.6%. 

The recovered yield of ADH over this stage was 72%. However it is thought that if 

the wash had not be performed in the reverse direction, the yield would have been 

close to 100% as the ADH lost to the reverse wash would have bound to the matrix 

further down the column. The dynamic binding capacity for the column at 3.6% 

breakthrough was calculated at l,819U/mL of packed matrix.

5.3.4 Case study 4 - Pilot-scale clarification of yeast homogenate by two-cut 

fractional precipitation.

A two-cut ammonium sulphate precipitation was selected as an alternative route for 

the clarification of a sample of yeast homogenate prior to hydrophobic interaction 

packed bed processing. The two-cut ammonium sulphate precipitation route relies on 

the shape of the salting out curve developed in section 2.3.2.1 for its success. Debris 

removal from a 60L batch of 280g/L homogenate was followed by the first 

ammonium sulphate precipitation stage. A mass balance for the process is illustrated 

in Fig.5.12.
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Fig.5.11 Full chromatogram for a 0.125m bed height XK50/40 column
packed with Phenyl Sepharose FF (low sub) loaded to ~5% 
breakthrough of ADH. Washing and elution were performed in the 
reverse flow direction to loading. Clarified S.cerevisiae 
homogenate was obtained from the process route employing 
continuous PEI flocculation and CSA-1 centrifugation.
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60 L 280g/L Bakers Yeast 
in 0.1 M KHzPO^at pH6.5
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Fig.5.12. Mass balance of the process for the clarification of S.cerevisiae cell 
debris following homogenisation and subsequent fractional 
precipitation of the target enzyme, ADH. Overall yield of ADH for 
the process was 50% with a purification factor of 1.34.
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Previous studies (Richardson et al., 1990) have shown that the first cut at 40% 

saturation leaves most of the ADH soluble but precipitates a fair proportion of the 

contaminating protein. After centrifugation, Richardson et al (1990) reported a 44% 

removal of less soluble protein over this first cut. A subsequent increase in the salt 

concentration to 60% saturation dropped the ADH solubility to negligible levels 

allowing the precipitated enzyme to be recovered in the slurry leaving approximately 

20% of the total contaminating protein still soluble. By this method the enzyme was 

purified both with respect to less and more soluble contaminating protein.

A flow sheet for the two cut ammonium sulphate precipitation process as performed 

in this study is presented in Fig.5.12 while a purification table for the process is given 

in table 5.10. An initial loss of ADH of 10.3% was encountered over the CSA-1 

debris removal stage. Unlike previous applications of this centrifuge the discharge 

interval was set to maximise the yield rather than the clarification resulting in the 

longer full discharge interval of 210s. The centrifugal recovery of the supematant 

phase from the first ammonium sulphate cut resulted in a step yield of 81.5% which 

on combination with the previous loss of 10.3% resulted in an overall process yield of 

72.9%. No significant purification of enzyme was achieved over this stage.

Increasing the ammonium sulphate concentration to 60% saturation precipitated the 

target enzyme allowing recovery of ADH in the slurry phase from the CSA-1 

centrifiige. The step yield over the centrifugation stage was 69.6% bringing the 

overall yield for the 2 cut process to 50%. The second cut provided most of the 

purification bringing the purification factor up to 1.34. The 60% slurry proved 

difficult to assay with accuracy. The consistency of the slurry was similar to highly 

aerated, melted ice-cream. One problem with this material was the collection of an 

accurate volume for the ADH and protein assay as the slurry contained a considerable 

mass of trapped air. Dilution of this stream three fold allowed for the complete 

resolubilisation of the target enzyme, removal of trapped air, easier handling and a 

more accurate assay.

193



Total Total Specific

Purification Volume ADH Protein activity PF Yield

stage (L) (U*10^) (mg* 10 )̂ (U/mg) (-) (%)

[A] Homogenate 60 15,060 1,746 8.62 1 100

[B] CSA-1 Debris Removal 12 1,548 189.6 8.16 0.95 10.3

Slurry
[C] CSA-1 Debris Removal 48 13,248 1,473.6 8.99 1.04 87.9

Supematant 
[D] 40% Sat. AmS04 15 2,370 312 7.59 0.88 15.7

Slurry 
[E] 40% Sat. AmS04 65 10,985 1,149.8 9.55 111 72.9

Supematant 
[F] 60% Sat. AmS04 79.2 5,844 671.6 8.70 1.01 38.8

Supematant 
[G] Product - Column Feed 54.9 7,631 662.6 11.52 1.34 50.7

(diluted to ~10mg/mL)
Table 5.10. Mass balance and purification table for the disruption o f S.cerevisiae 

with clarification o f the cell debris through CSA-I disk stack centrifugation followed 
by two cut ammonium sulphate precipitation and packed bed chromatography.

The overall yield of 50% for the two cut process was very high in comparison to 

those of other researchers (Maybury et a/., 1997). The recovery of the 60% 

precipitate phase contributed the greatest loss due to both breakdown of the shear 

sensitive precipitate in the feed zone of the centrifuge and the low recovery of the 

extremely small precipitate fragments. The use of the soft feed zone centrifuge 

appears to have increased the recovered yield possibly by decreasing losses due to 

shear breakage although this required further work to confirm.

5.3.4. 1  Column chromatography.

After dilution o f the 60% precipitate to 20% saturation, the clarified stream was 

loaded onto the XK50/40 column to an ADH breakthrough of approximately 5%. 

Again reverse direction washing and elution was performed to the column. The 

chromatogram for the chromatography cycle is presented as Fig.5.13 with the mass 

balance over the step given in table 5.11.
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Fig.5.13 Full chromatogram for a 0.125m bed height XK50/40 column
packed with Phenyl Sepharose FF (low sub) loaded to -5%  
breakthrough of ADH with clarified S.cerevisiae homogenate from 
the process route employing two cut ammonium sulphate 
precipitation and CSA-1 centrifugation. Reverse direction wash 
and elution were applied to the column after loading.
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Chromatography

stage

Volume

(mL)

Total

ADH

(U)

Total

Protein

(mg)

PF*

(-)

Yield

(%)

Load 2,964 411,900 35,763 1 100

Breakthrough 2,964 7,910 24,782 - 1.9

Wash 1,828 52,138 3,771 - 12.7

Eluate 1,470 306,131 3,166 8.39 74

Table 5.11. Summary o f the XK50/40 Phenyl Sepharose FF (low sub) 
chromatography cycle loaded to breakthrough o f ADH with two cut ammonium
sulphate clarified S.cerevisiae supernatant. "^^Purification factors are given relative

to column feed.

Here 74% of the loaded ADH was recovered in the eluate as a narrow peak. Again 

the chromatographic yield could have been increased to 100% by washing in the 

forward direction followed by elution in the reverse.

5.4 Conclusions.

Work in this section of the thesis was concerned with the development of pilot-scale 

processes for the recovery and purification of ADH commencing with 

homogenisation of the yeast cells to release their contents followed by conventional 

downstream processing unit operations. Four case studies with increasing levels of 

clarification were assessed for their merits in the recovery of ADH and the production 

of a clarified pool suitable for packed bed chromatography.

The first case study involving lab-scale batch centrifugation was found to result in 

feed streams wholly unsuitable for application to packed bed columns. Even the high 

relative centrifugal fields generated by such machines of the order of 40,000g, were 

incapable of removing sufficient debris to allow five successive loading of material 

onto a packed bed column without loss in yield due to fouling. Over five successive 

cycles the recovery yield of ADH decreased by 65% from 86% to 56%.

Case study two employed batch PEI flocculation prior to centrifugation and was 

found to yield superior clarification especially when the flocculation was optimised to
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pH6.5 and a stock concentration of l%(w/v)PEI was used. Batch addition of the PEI 

stock to a stirred tank was found to be less effective than continuous mixing of the 

PEI and homogenate solution within a T-piece as studies in case 3. Material clarified 

using the continuous mixing approach was suitable for application to a packed bed 

immediately after CSA-1 disk stack centrifugation. Processing yields for this route 

were high (65%) in comparison to the batch route (47%). Recovery of this material 

was achieved in a shorter period of time (approximately 3.25h)

Two cut ammonium sulphate precipitation following debris removal was found to 

yield the best clarification out of the various routes studied. However this was 

achieved at the expense of a decreased product yield (50%) and an extended 

processing time (>9h). Large quantities of ammonium sulphate were also required, 

the implication of which will be discussed later.

All four clarification schemes adequately reflected many of the challenges involved in 

the traditional recovery of intracellular soluble proteins and enzymes. The 

requirement for realistic industrial cases for comparison to the expanded bed route 

was therefore satisfied.

The following chapter discusses an alternative approach to the recovery of ADH, 

which circumvents the need for process stream clarification. Expanded bed adsorption 

of ADH directly from the crude homogenate is the subject of the next chapter.
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6. Recovery of ADH using expanded beds of hydrophobic interaction 

matrices directly from cell homogenates. 

6.1 Introduction.

As highlighted in chapter 1, expanded bed adsorption techniques offer the potential 

for the direct capture of biological molecules directly from the crude homogenate or 

cell suspension. The complications resulting from pilot scale clarification as presented 

in chapter 5 could therefore be avoided. This chapter examines the use of a prototype 

hydrophobic interaction matrix STREAMLINE-Phenyl (low sub) for the direct 

capture of ADH from unclarified S.cerevisiae cell homogenates. The fluidisation 

properties of the matrix in question, were presented in chapter 3.

The following section introduces a brief outline to the work conducted in this chapter. 

In much the same as the packed bed experimentation in section 5.3.1 was conducted, 

the susceptibility of expanded beds to fouling, on the application of one settled bed 

volume of yeast homogenate over a series of five repeated cycles was assessed during 

the first part of this work. Having established that fouling was not a problem over at 

least five cycles, a different batch of the matrix was loaded with increasing volumes of 

homogenate to assess the trade off which exists between load volume, yield, 

purification factor and binding capacity for subsequent comparison with the packed 

bed matrix.

In a separate experiment, loading of diluted homogenate proceeded until 100% 

breakthrough of ADH occurred. This allowed the determination of the total binding 

capacity of the matrix for ADH in the presence of cell debris. Finally using a small 

portion of matrix destined for use within a large scale expanded bed, homogenate was 

loaded to 5% breakthrough of ADH to form a small scale case study on which the 

expanded bed route would be later scaled-up. A more detailed introduction to each of 

these parts of the expanded bed work in presented in the following section.

6.1.1 Investigation of fouling in expanded bed.

At the start of this comparative study, no data was available in the literature on the 

fouling of STREAMLINE columns or matrices for yeast homogenate systems. This
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was especially true for the prototype STREAMLINE-Phenyl matrix, which had been 

manufactured on request specifically for this comparative study. As a prototype 

custom design matrix, this material was only available in small quantities. Therefore a 

need to perform many chromatography cycles on the same batch of matrix lead to the 

question of how many cycles could be processed with the same batch of matrix before 

a deterioration in the performance of the matrix became unacceptable.

Several methods for the assessment of fouling in expanded beds were available. The 

simplest relied on the measurement of the expanded bed height under a set of tightly 

controlled experimental conditions. Slightly more complex is the measurement of the 

dynamic binding capacity of the matrix for some target or model protein.

To assess the number of chromatography cycles that could be performed on any one 

batch of STREAMLINE matrix, a series of experiments were devised in which one 

column volume of homogenate, diluted to lOmg/mL protein was loaded onto an 

equilibrated bed expanded at 2m/h to approximately 3 times the settled bed height. 

The matrix was cleaned in-situ prior to repeating the chromatography cycle.

Fouling of the expanded bed matrix would be expected to result in an increase in the 

mass of the particles resulting in a lower expansion at a given superficial liquid 

velocity. Thus any decline in the height of the expanded bed after equilibration at 

2m/h prior to loading, would indicate fouling of the matrix. Similarly any fouling of 

the matrix would also be reflected in an decrease in the dynamic binding capacity of 

the matrix at a given breakthrough. Both methods were used to assess the fouling of 

the prototype matrix in this chapter.

6.1.2 Development of the adsorption protocol for the expanded bed process.

During adsorption, expanded bed processes are typically operated at flowrates that 

produce a degree of matrix expansion equal to 2-3 times the settled bed height 

(Hjorth, 1997). However when processing materials such as yeast homogenate, the 

high density and viscous nature of the feed during the adsorption stage, generally 

results in an increase in the degree of expansion at any given flowrate. There are two 

schools of thought on how expanded bed adsorption processes should be operated. In 

one, an increase in the degree of expansion due to high viscosity feed stocks is
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counterbalanced by a reduction in the flowrate to preserve the same degree of 

expansion throughout the adsorption stage (Chase, 1994). In the other, provided the 

bed does not expand to the top of the column, the bed is allowed to expand with no 

alteration in flowrate. The expansion in this case may be limited by dilution of the 

feed stream to reduce its viscosity.

The operational implications of both methodologies have been reported in the 

literature (Chang and Chase, 1995). They investigated the efficiency of operating 

adsorption processes at a constant bed height equal to twice the settled bed height 

against operation at a constant flowrate of 3m/h. Through an analysis of an apparent 

dynamic binding capacity they concluded that operation at constant bed expansion 

was more efficient. However the true dynamic binding capacity of any protein is a 

function of the concentration of protein, the volume loaded and the flowrate at which 

loaded occurred. For situations where the flowrate was decreased to preserve a 

constant bed expansion, only an average of the two extremes of liquid velocity were 

taken. No accounting was made for the actual amount of time spent at each flowrate 

over the range employed . Also no investigation into dilution of the homogenate to 

preserve bed expansion was made. Finally the use of a constant bed height requires 

the ability to detect the surface of the expanded bed during the load. In some 

circumstances this is not possible due to the turbid nature of the homogenate feed 

stream. The use of this method at large scale is also likely to be complicated by the 

fact that expanded bed columns larger than 0.2m in diameter are treated as pressure 

vessels and constructed from 316L stainless steel. It is therefore impossible to visually 

check the degree of bed expansion. Constant bed height operation would therefore 

required complicated and expensive bed height detection systems such as écho

location.

As a result, in this study, homogenate was diluted to a background protein level of 

lOmg/mL to minimise the expansion of the bed at a given liquid velocity. The diluted 

homogenate was loaded at a flowrate of 2m/h, sufficient to produced an expansion 

equal to three times the settled bed height. The upper adapter was positioned 0.05- 

0.1m above the surface of the expanded bed to allow for a small increase in bed 

expansion due to the higher viscosity and density of the homogenate over the
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equilibration buffer. The use of a constant flowrate has the advantage that the need 

for complicated and costly bed height detection systems and variable on-line control 

of pumps are avoided.

6.1.3 Influence of load volume on expanded bed performance.

The capacity of the prototype STREAMLINE-Phenyl matrix for ADH was not 

known prior to its use. Rather than construct Langmuir isotherms to develop this 

information as often encountered in the literature (Draeger and Chase, 1992a), 

realistic dynamic column experimentation was performed. Column experimentation 

also enabled an assessment of the trade-offs that exist between load volume, 

purification and overall yield for the expanded bed column adsorption process. Such 

information is vital for the efficient operation and scale-up of the expanded bed 

approach

The experimentation involved loading increasing volumes of diluted homogenate onto 

the same expanded bed and analysing the eluate pool for ADH and protein levels 

relative to the feed. Dynamic column experiments are more valuable than batch 

binding experimentation as they take into account factors such as the influence of 

superficial liquid velocity on column residence time and mass transfer. One 

disadvantage of column experimentation is that greater volumes of both matrix and 

feed material are required for such investigations.

In an extension to the above experimentation, a 0.05m diameter STREAMLINE 

expanded bed (ST-50) was loaded to 100% breakthrough of ADH to determine the 

total binding capacity of the matrix. This figure was to be used for a later comparison 

between the Sepharose packed bed and the STREAMLINE expanded bed matrices.

6.1.4 Small scale experimentation for scale-up.

One of the aims of this comparative study was to investigate the scale-up of both 

packed and expanded bed processes. For this particular experiment a large quantity of 

the prototype STREAMLINE-Phenyl matrix was synthesised and to eliminate any 

variations between different matrices from the scale-up investigation, a small portion 

of the large volume of matrix was used in a ST-50 expanded bed column loaded to
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20% breakthrough of ADH. The results from this experiment were used as a 

subsequent base case for scale-up to 0.2m diameter column operation. The results 

from the lab-scale system are reported in this chapter whilst the scale-up of both the 

expanded and packed bed cycles are reported in chapter 7.

6.2 Materials and methods.

6.2.1 Experimental set-up.

All 5cm diameter expanded bed experiments were performed using a common 

experimental set-up described below.

A schematic diagram of the 0.05m diameter STREAMLINE column (ST-50) and 

associated equipment is provided in Fig.6.1 along with a photograph in Fig.6.2. A 

peristaltic pump (Model 505DU Watson Marlow) was used to pump different liquids 

onto the column during the load, wash and elution stages. A second identical 

peristaltic pump was used to transfer ethanol (20%(v/v)) from a separate reservoir to 

the head space above the top adapter. In this fashion, the position of the upper 

adapter within the column, could be hydraulically adjusted during chromatographic 

operation.

The outlet of the column was connected to a UV monitor (Model UVl, Pharmacia 

Biotech AB, Sweden) set to 280nm and subsequently to a combined pH and 

conductivity meter (Model pH/ion Multiplexing monitor, Sepracor, MA 01752, 

USA). A fraction collector (Model SuperFrac, Pharmacia Biotech AB, Sweden) was 

used to pool eluate from the column.

An FPLC liquid chromatography controller (Model LCC500 Plus, Pharmacia Biotech 

AB) was used to control two pumps (Model P500, Pharmacia) and two motorised 

valves (Model IMV-8) to allow both the ST-50 column and an XK50/40 packed bed 

to be operated using the same ancillary equipment. The FPLC system also allowed 

automated CLP of both columns.

A valve configuration (Model 4port-2way and 4port-4way, Pharmacia) was chosen, 

as indicated in Fig.6.1, to allow the reversal of flow through the expanded bed. A
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Fig.6.1 Schematic diagram o f the 0.05m diameter STREAM LINE
expanded bed (ST-50) with ancillary equipment.
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1

Fig.6.2 Photograph o f the ST-50 STREAM LINE expanded bed with
ancillary equipment. To the left o f  the column is the FPLC system 
used to provided switching between the packed and expanded bed 
along with automated CIP.
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purpose-made bubble trap, illustrated in Fig.6.3, was included upstream of the flow 

reversal valve (V3 in Fig.6.1), to prevent air-bubbles entering the expanded bed.

6.2.2 Column packing.

The expanded bed columns were packed with appropriate volumes of 

STREAMLINE-Phenyl (low sub) as described in section 3.2.2.

6.2.3 Clean-in-Place protocol.

After elution of the column in a packed bed configuration, the following CIP 

protocol, taken from the Pharmacia STREAMLINE™ operators manual, was 

employed between expanded bed cycles in order to regenerate the matrix:

The outlet of the column was closed and eluent buffer B was used to expand the 

packed matrix to twice its settled bed height, positioning the adapter at three times 

the settled bed height. At a superficial liquid velocity of 3 m/h, IM NaOH was then 

pumped onto the column moving the adapter to its uppermost position. This 

procedure was employed to rinse the column wall and space above the adapter. The 

flow direction was reversed and the superficial liquid velocity lowered to 1 m/h for 

O.lh to rinse the plate and net in the upper adapter. Flow was returned to the upward 

direction and the adapter height was lowered to twice the settled bed height. The 

remaining CIP procedure was performed automatically in the upward direction using 

the modified FPLC system:

IM NaOH (2.4L, 0.3m/h)

DI-H2 O (0.9L, O.lm/h)

30%(v/v) Isopropyl alcohol (0.9L, O.lm/h)

25%(v/v) acetic acid (0.9L, O.lm/h)

DI-H2 O (1.5L, O.lm/h)

20%(v/v) ethanol (1.5L, O.lm/h).
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Fig. 6.3 Photograph o f  the purpose-made bubble trap employed upstream
of the ST-50 expanded bed. The trap had a pressure tap to relieve 
the pressure in the head space above the liquid within the trap.
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6.2.4 Investigation of column fouling on successive loading of homogenate.

In a series of five chromatographic cycles a volume of homogenate equivalent to one 

settled bed volume of the expanded bed matrix was loaded onto the expanded bed 

and both the height of the expanded bed prior to loading and the dynamic binding

capacity of the matrix for ADH were measured. A decrease in either would indicate 

some degree of fouling.

6.2.4.1 Preparation of column feed.

300mL of a 450g/L (wet weight) solution of Bakers’ yeast (DCL Ltd., Crawley, UK) 

in buffer (O.IM KH2PO4 , pH6.5) was disrupted in a high pressure homogeniser 

(Model Lab 40, APV Crawley, UK) for 5 discrete passes at 500bar(g) with the 

temperature maintained below 10°C. Ammonium sulphate (100% saturated solution 

in O.IM KH2PO4 , pH7,) was added to adjust the salt concentration to 0.78M (20% 

saturation) prior to dilution of the homogenate to a final protein concentration of 

lOmg/mL using 0.78M ammonium sulphate in 0.02M KH2PO4 , pH7 (equilibration 

buffer. A).

6.2.4.2 Column chromatography.

The settled bed height of STREAMLINE-Phenyl (low sub) matrix for this series of 

experiments was 0.178m.

The bed was expanded from its initial settled configuration by slowly increasing the 

superficial liquid velocity of Dl-water upwards through the column, until a maximum 

liquid velocity of 3 m/h was achieved. The upper adapter was set at a height of three 

times the settled bed height. Once the ethanol (20%(v/v)) preservative agent had been 

completely washed from the column, the bed was equilibrated with buffer A (0.78M 

(NH4)2 S0 4  in 0.02M KH2PO4 , pH7, 4°C) at a liquid velocity of 2m/h until both the 

outlet salt concentration, as measured using on-line conductivity readings was equal 

to 0.78M, and the bed height had stabilised. Approximately 1.2h was required to 

equilibrate and stabilise the bed.
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After equilibration, one column volume of diluted homogenate was loaded onto the 

expanded bed at 2m/h. At the same superficial liquid velocity, unbound ADH, protein 

and particulate material was washed from the bed in an upward direction using buffer 

A, until the on-line UV reading had returned to the baseline level obtained during 

equilibration. Once all particulate material had been washed from the column, flow 

was stopped and the bed allowed to settle under gravity. The upper adapter was then 

lowered onto the surface of the settled bed to reduce the dead volume of the system.

A step decrease in salt concentration using buffer B (KH2PO4 , 0.02M, pH7) was 

applied to the column at 0.75m/h in the downward direction, to elute bound ADH and 

protein from the column. Fractions were taken throughout the chromatography stage 

every 120s and assayed for ADH and protein.

6.2.5 Influence of load volume on column performance.

In a series of 4 chromatography cycles, increasing volumes of homogenate were 

loaded onto a ST-50 column containing fresh matrix with a settled bed height of 

0.125m.

6.2.5.1 Preparation of column feed.

Bakers yeast (4L, 450g/L wet weight) was homogenised as described in section 2.2

5.2 and subsequently adjusted to 20% saturation ammonium sulphate and diluted to 

10mg(protein)/mL as described in section 6.2.4.1.

6.2.5.2 Column chromatography.

During the load, the upper adapter was set to a constant height of 0.7m to allow for 

bed expansion. The bed was equilibrated and expanded using buffer A at 2m/h prior 

to loading of the homogenate. 0.5, 1, 2 and 5 column volumes of homogenate were 

loaded onto the same expanded bed in four successive chromatography cycles. In 

each case, unbound material was washed from the column using buffer A until the UV 

reading had returned to baseline. The bed was allowed to settle and the upper adapter 

was positioned on top of the settled bed at a height of 0.125m for elution.
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Elution was performed using a step decrease in salt concentration by applying buffer 

B at a liquid velocity of 0.75m/h. Fractions taken every 120s were assayed for ADH 

and protein until all ADH had eluted from the column.

6.2.6 Determination of total binding capacity of STREAMLINE-Phenyl (low 

sub).

A freshly packed ST-50 column, having a settled bed height of 0.157m was 

equilibrated at 2m/h with buffer A with the upper adapter set to a final height of 

0.55m prior to loading.

6.2.6.1 Preparation of column feed.

Bakers’ yeast (280g/L wet weight, 20L) was disrupted in a high pressure 

homogeniser as described in section 2.2.5.3. The homogenate was adjusted to 20% 

saturation ammonium sulphate and diluted to 10mg(protein)/mL as described in 

section 6.2.4.1.

6.2.6.2 Column chromatography.

Homogenate, prepared and diluted as above, was loaded onto the ST-50 column at a 

constant superficial liquid velocity of 2m/h until the outlet concentration of ADH was 

equal to the inlet concentration (100% breakthrough). Due to the application of a 

large volume of homogenate relative to earlier experimentation, to minimise the build

up of particulate matter under the top adapter, the direction of flow was reversed or 

back-pulsed for 10s every 600s. At the end of the load, buffer A at 2m/h was used to 

wash particulate material from the column. Flow to the column was subsequently 

stopped and the upper adapter was lowered to the surface of the settled bed. Elution 

at 0.75m/h using a step input of buffer B was used to elute bound ADH and protein 

from the column in the downward direction.

6.2.7 Small scale case study for scale-up to pilot scale operation

300mL of STREAMLINE-Phenyl matrix Lot no. LjB 87207 was packed into the ST- 

50 column to a final settled height of 0.15m. After equilibration and expansion of the
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matrix at 2m/h, homogenate prepared and diluted to lOmg/mL as described above, 

was loaded onto the column at 2m/h to a breakthrough of ADH of 5%.

6.3 Results and discussion.

6.3.1 Investigation of column fouling during successive loading of homogenate.

The results from the repeated loading studies onto the expanded bed are summarised 

in Table 6.1 below.

Cycle

number

ADH

load

(U)

Protein

load

(mg)

ADH

wash

(U)

Protein

wash

(mg)

ADH

eluted

(U)

Protein

eluted

(mg)

Yield

ADH

(%)

ADH Mass 

Balance 

(%)

1 32,468 3,537 873 2,394 30,379 348 93 96.3

3 28,113 3,501 2,385 2,623 36,781 324 >100 >100

5 33,656 3,722 2,180 2,460 34,244 289 >100 >100

Table 6.1. Mass balances over five successive loads o f diluted homogenate onto the
ST-50 expanded bed.

Levels of ADH and protein in the feed to the column were approximately 1 lOU/mL 

and 10.5mg/mL respectively, ensuring that the column received a near identical 

challenge of homogenate in each cycle

The height of the STREAMLINE-Phenyl matrix, expanded at a liquid velocity of 

2m/h at 4°C using buffer A, was measured prior to each loading. No significant 

decline in the expanded bed height was observed, with the height in the first cycle 

equal to 0.465m, followed by 0.497m and 0.501m in the third and fifth cycles 

respectively. On this basis, no significant fouling of the matrix was observed.

The second method for the assessment of fouling, employed loading one settled bed 

volume of diluted homogenate onto the expanded bed. This volume represented a 

breakthrough of ADH equal to 1%. Therefore the results could be expressed as the 

dynamic binding capacity of the matrix at 1% breakthrough, a typical, realistic figure 

for the operation of chromatography columns.
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The dynamic binding capacity, measured as eluted ADH per mL of settled bed, also 

showed no significant decline, unlike the same experimentation performed on the 

packed bed in the previous chapter. On this basis the expanded bed had not fouled 

after five successive loads of homogenate.

The majority of the ADH loaded onto the column was present in the eluate as a tight 

peak (Fig.6.4). The break in data on the chromatogram represents the volume of 

liquid displaced on lowering the upper adapter after the end of the wash. This volume 

was not assayed for ADH or protein and collection of on-line salt concentration data 

was also stopped. With reference to the earlier comparative packed bed loading 

experiments (chapter 5, Fig.5.6), the tight elution profiles for ADH, again supported 

the reverse direction approach as proposed in section 5.3.2.3. Elution of bound ADH 

from the settled bed could have been performed in the same direction as the load. 

However, unless the matrix was well packed and constrained prior to upwards 

elution, some expansion or re-orientation of the bed would occur. This would result 

in chromatograms whose characteristically broad profiles, as described earlier in 

section 5.3.2.3, would also be affected by bulk movement of the matrix itself thus 

resulting in even broader elution peaks.

6.3.2 Influence of load volume on column performance.

The total amounts of ADH and protein loaded onto the expanded bed as a function of 

volume are shown in Table 6.2. Despite small variations in relative levels of ADH and 

protein, the specific activity of the feed was approximately constant at lOU 

(ADH)/mg(protein).

In each cycle, the bed was expanded at 2m/h to approximately 0.48m prior to loading 

with diluted homogenate with the adapter height set to 0.55m. No decrease in the bed 

height was observed over the four successive chromatography cycles.

The mass balances for each cycle are presented in Table 6.3 along with the volume of 

buffer B required for elution, the yield of eluted ADH relative to the column feed and 

the overall purification factor of the eluted pool of ADH. The chromatograms for 

each expanded bed cycle are presented in Fig.6.5, Fig.6.6, Fig6.7 and Fig.6.8.
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Fig.6.4 Chromatogram for the expanded bed adsorption of 1 column
volume of diluted homogenate onto a ST-50 expanded bed 
containing 348mL of STREAMLINE-Phenyl (low sub) matrix. The 
settled bed height of the matrix was 0.178m. Concentration of 
ADH and protein in the column feed was approximately lOOU/mL 
at 10mg(protein)/mL. The point of application of the step elution 
to the column is indicated by the dotted line.
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Fig.6.5 Chromatogram for the expanded bed adsorption of 0.5 column
volumes of diluted homogenate onto a ST-50 expanded bed 
containing 250mL of STREAMLINE-Phenyl (low sub) matrix. The 
settled bed height of the matrix was 0.125m. The specific activity 
of the column feed was approximately 100U(ADH)/mg(protein).
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Fig.6.6 Chromatogram for the expanded bed adsorption of 1 column
volume of diluted homogenate onto a ST-50 expanded bed 
containing 250mL of STREAMLINE-Phenyl (low sub) matrix. The 
settled bed height of the matrix was 0.125m. The specific activity 
of the column feed was approximately 100U(ADH)/mg(protein).
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Fig.6.7 Chromatogram for the expanded bed adsorption of 2 column
volumes of diluted homogenate onto a ST-50 expanded bed 
containing 250mL of STREAMLINE-Phenyl (low sub) matrix. The 
settled bed height of the matrix was 0.125m. The specific activity 
of the column feed was approximately 100U(ADH)/mg(protein).
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Fig.6.8 Chromatogram for the expanded bed adsorption of 5 column
volumes of diluted homogenate onto a ST-50 expanded bed 
containing 250mL of STREAMLINE-Phenyl (low sub) matrix. The 
settled bed height of the matrix was 0.125m. The specific activity 
of the column feed was approximately 100U(ADH)/mg(protein).
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Load ADH Protein Specific

volume Loaded Loaded Activity

(mL) (U) (mg) (U/mg)

84 7,317 826 8.85

250 25,995 2,664 9.7

600 64,020 6,330 10.11

1,500 155,220 15,930 9.74

Table 6.2. Amount o f ADH and protein loaded onto the ST-50 expanded bed as a 
function o f load volume-influence o f load volume on expanded bed performance. 
The column contained 250mL o f STREAMLINE-Phenyl matrix to settled bed height

o f 0.125m.

Load ADH Protein ADH Protein Elution Yield

volume in wash in wash Eluted Eluted volume ADH C/Co* PF**

(mL) (U) (mg) (U) (mg) (ml) (%) (-)

84 184 526 8,558 190 1,078 117 0.36 5.27

250 1,285 2,113 28,216 355 1,225 109 1.4 8.19

600 7,713 5,159 59,775 647 1,470 93 4.8 9.14

1,500 28,450 12,538 105,044 738 1,617 67 12.6 14.61

Table 6.3. ST-50 Expanded bed adsorption performance as a function o f 
homogenate load volume. * C/Co was measured as the highest ADH concentration 

in the outlet o f the column during the load and wash stages divided by the inlet 
concentration o f ADH. Purification factors are given relative to column feed.

It was observed that increasing the volume of homogenate loaded onto the expanded 

bed, resulted in an increase in the volume of buffer A required to wash the particulate 

matter from the column. These results reflect similar findings as earlier 

experimentation into the effect of increasing load volumes onto small packed beds 

(chapter 4, section 4.3.2.4). As the amount of ADH and protein loaded onto the 

column increased, more ADH bound to the matrix relative to protein, with more 

protein appearing in the breakthrough and wash pools. Once again ADH was
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demonstrated to possess a greater hydrophobicity at 20% saturation ammonium 

sulphate than the majority of the bulk proteins. This was reflected by an increase in 

the purification of the eluate pool as the load volume increased. This trend is clearly 

illustrated in Fig.6.9

Binding capacities for the expanded bed adsorption cycles were found to be lower 

than those obtained earlier with the packed beds. For a 1 column volume load, the 

breakthrough of ADH was 5%. This resulted in a dynamic binding capacity of 

239.1U/mL(settled matrix). The corresponding figure for a 5cm diameter XK50/40 

packed bed loaded to 5% breakthrough was 1819U/mL(packed matrix) (chapter 5, 

section 5.3.3.4). The vast difference between the two figures can be explained by 

several factors. As previously demonstrated (chapter 5), purification of the feed 

stream prior to chromatography resulted in an increase in the binding capacity for 

ADH, through a reduction in the amount of competing proteins. As no purification of 

the homogenate was performed prior to expanded bed adsorption, a large amount of 

contaminating protein relative to the amount of ADH would still be present in the 

feed to the column. In addition, large amounts of cell debris, lipids, nucleic acids and 

other cytoplasmic components were also present in the feed to the expanded bed. All 

of these contaminants would be expected to lead to a reduction in the capacity of the 

expanded bed as reported in the literature (Draeger and Chase, 1991b).

In addition to the above factor, STREAMLINE expanded bed matrices are 

characterised by a larger average particle size and wider size distribution than the 

packed bed Sepharose matrices. As a result, a much greater volume of packed bed 

matrix could be packed into the same geometric volume as a corresponding settled 

volume of expanded bed matrix. This would effectively produce a greater surface are 

per unit volume available for adsorption onto the packed bed matrix.

A more appropriate comparison between the matrices might result from comparing 

the amount of ADH bound per unit surface area. As the matrix particles used in this 

study are porous, and in the case of the expanded bed include a quartz core, the 

determination of the effective surface area available for adsorption of the two 

matrices was deemed too difficult for use within this study. However a clearer
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comparison may be drawn by expressing the DEC for the packed bed matrix using a 

settled bed volume. In the packed bed case, 299mL of settled Phenyl Sepharose FF 

(low sub) was packed to a final packed bed volume of 245mL. Thus the 5% 

breakthrough binding capacity for the Sepharose packed bed now becomes 

1485U/mL (settled matrix). This figure still represents a larger increase over the 

expanded bed matrix. The implications of this are discussed in chapter 8.

6.3.3 Determination of total binding capacity of STREAMLINE-Phenyl (low 

sub).

The ST-50 column packed with 308mL of STREAMLINE-Phenyl was loaded to 

100% breakthrough of ADH. The homogenate for this cycle was prepared using the 

K3 homogeniser and the preparation of this feed material is summarised in Table 6.4

Total Total Specific

Purification Volume ADH Protein activity PF Yield

stage (L) (U*10^) (mg* 10 )̂ (U/mg) (-) (%)

lA] Homogenate 20 3,400 587.2 5.79 1 100

[B] Adjust to 25 3.425 585.7 5.85 1.01 100.7

[C]
0.78M(NH4)2S04 
Dilution to

lOmg/mL Protein

54 3,374 584.8 5.77 0.99 99.2

Table 6.4. Preparation and dilution o f yeast homogenate (280g/L in O.OIM KH2PO4, 
pH6.5) prior to loading onto the ST-50 expanded bed to 100% breakthrough o f

ADH.

After dilution of the homogenate to 10.83 mg(protein)/mL the level of ADH was 

measured at 62.5U/mL. This level was uncharacteristically low. However after 

checking the pipettes, assay reagent, spectrophotometer and homogeniser, no suitable 

explanation for the low ADH level could be found. The cause of this low ADH level 

was attributed to a fermentation problem with the Baker’s yeast.

The bed was expanded to 0.43m at 2m/h with buffer A prior to loading. The upper 

adapter was set to a height of 0.55m. The full chromatogram for the 100% ADH 

breakthrough cycle is illustrated in Fig.6.10. The results for the mass balance for the 

chromatography cycle are presented in Table 6.5. Taking 62.5U/mL as the inlet
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Fig.6.10 Full chromatogram for a 0.125m settled bed height ST-50 
expanded bed loaded to 100% breakthrough with yeast 
homogenate diluted to 10mg(protein)/mL. The concentration of 
ADH was 62.6U/mL.
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concentration, approximately 4.2L of diluted homogenate were loaded until the 100% 

breakthrough level was achieved. It was necessary to perform back-pulses during 

both the feed and the wash stages to remove accumulated material from underneath 

the upper adapter. These back-pulses are clearly visible in the breakthrough curve for 

ADH in Fig.6.11.

Chromatography

stage

Volume

(mL)

Total

ADH

(U)

Total

Protein

(mg)

PF*

(-)

Yield

(%)

Load 4,179 261,158 45,260 5.77 100

Breakthrough 4,179 124,067 28,153 47.5

Wash 2,942 86,006 12,683 32.9

Eluate 1,225 219,856 2,304 16.5 95.24

Table 6.5. Summary o f the ST-50 expanded bed chromatography cycle loaded to 
100% breakthrough o f ADH with diluted homogenate. ’̂ Purification factors are

given relative to column feed.

A close inspection of the mass balances for both ADH and protein over this cycle 

indicated some discrepancies. The distribution of the loaded protein between the 

breakthrough, wash and elution stages appeared as would normally be expected and 

could be balanced to within 95.3%. However the results in table 6.5 indicate that 

more ADH was eluted from the column than was loaded, with a mass balance of 

164%. Clearly the ADH levels in the feed were not correct. A close inspection of the 

breakthrough curve might suggest that the outlet concentration of ADH was still 

rising when loading was terminated. The yield for a 100% breakthrough run would be 

expected to be below 50% as found with the other 100% breakthrough packed bed 

run in chapter 4. The TBC of the matrix for ADH was determined as 

713U/mL(settled matrix).

Despite the discrepancies the run provided some useful insights into the use of 

expanded beds during long feed applications. Back-pulsing was found to be necessary 

to prevent the build-up of cell debris material under the upper adapter during the load. 

The accumulation of this material was difficult to assess visually, however the bubble
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trap acted as a form of manometer with the level of liquid in the trap chamber rising 

as the pressure drop across the column increased due to debris accumulation. Back- 

pulsing also has operational implications. Here back-pulsing was performed by 

reversing the direction of flow onto the column. On reversing the direction of flow, a 

small quantity of material that would otherwise have been loaded was lost in the 

breakthrough fractions. Operationally therefore, the number of back-pulses in any 

cycle should be kept to a minimum for high yield results. Alternatively back-pulsing 

could be performed with a slug of equilibration buffer which would help to minimise 

such losses but would present a more complicated processing solution.

6.3.4 Small scale case study for scale-up to pilot scale operation

Yeast homogenate was prepared and diluted to 10mg(protein)/mL for loading onto a 

ST-50 column containing 308mL of a batch of STREAMLINE-Phenyl matrix (table 

6 .6).

Total Total Specific

Purification Volume ADH Protein activity PF Yield

stage (L) (U*10^) (mg* 1 0 ") (U/mg) (-) (%)

[A] Homogenate 20 4,4:54 613.6 7.25 1 100

[B] Adjust to 25 4450 623.75 7.13 0.98 99.9

[C]
0.78M(NH4)2S04 
Dilution to

lOmg/mL Protein

58.5 4433 624.4 7.09 0.98 97.5

Table 6.6. Preparation and dilution o f yeast homogenate (280g/L in O.OIM KH2PO4, 
pH6.5) prior to loading onto the lab-scale ST-50 expanded bed to form a base study

for subsequent scale-up.

After dilution of the homogenate to 10.62mg/mL, the ADH level was found to be 

75U/mL. The original aim for this experiment was to load homogenate onto this 

particular batch of STREAMLINE matrix to 5% breakthrough. However loading was 

allowed to proceed until the breakthrough of ADH had reached 20.0% of the inlet 

concentration. The exact level of breakthrough of this particular cycle, was not too 

critical as demonstration of the scale-up of expanded bed operations could be 

performed at any breakthrough, provided that the same level of breakthrough was 

achieved in the scaled-up cycle. The chromatogram for this expanded bed cycle is
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Fig.6 .12 Full chromatogram for a 0.125m settled bed height ST-50 
expanded bed loaded to 2 0 % breakthrough with homogenate 
diluted to 10mg(protein)/mL. The concentration of ADH was 
75U/mL.
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illustrated in Fig.6 .12. Once again there was some discrepancy between the ADH 

mass balance and the protein mass balance over the expanded bed (table 6.7), 

however the difference was not as great as that observed in the previous work.

Total Total

Chromatography Volume ADH Protein PF* Yield

stage (mL) (U) (mg) (-) (%)

Load 1,238 93,345 13,147 1 100

Breakthrough 1,238 2011 913 -

Wash 3,268 21,499 8,789 - 23

Eluate 1,323 81,110 1,138 10.0 86.8

Table 6.7. Summary o f the ST-50 expanded bed chromatography cycle loaded to 
^20% breakthrough o f ADH with diluted homogenate. ^Purification factors are

given relative to column feed.

The yield of 8 6 % with an associated purification factor of 10 were reasonable results 

for this level of breakthrough as indicated by previous experimentation. Therefore this 

experiment with its 2 0 % breakthrough loading, was used as a base case for 

subsequent scale-up as detailed in chapter 7.

6.4 Conclusions.

The purpose of the work conducted in this section was to develop an isolation 

strategy for the intracellular enzyme, ADH, directly fi'om the crude cell homogenate 

using expanded bed adsorption. Due to concerns about matrix fouling, this matter 

was address first. In a series of five identical homogenate challenges onto the same 

ST-50 expanded bed, no significant level of fouling as measured by the degree of bed 

expansion and by the dynamic binding capacity of the matrix for ADH at a 

breakthrough of 1% was observed. Since no one batch of matrix was used for more 

than five successive cycles, the question of matrix life-length was not further 

addressed. Indications from the literature are that at least 10 cycles of yeast 

homogenate may be applied to ion-exchange expanded beds, with no significant 

degree of fouling (Chang and Chase, 1996a).
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The trade-off existing between load volume, purification factor and yield for 

homogenate loaded onto the ST-50 expanded bed column followed identical trends as 

those found in chapter 4 for the hydrophobic packed bed process. However the 

binding capacities of the STREAMLINE matrix for ADH were found to be much 

lower, presumably due to differences in the physical properties of the matrices and 

the presence of large amounts of contaminating material and proteins competing for 

ADH adsorption sites. The dynamic binding capacity at 5% ADH breakthrough for 

the STREAMLINE-Phenyl matrix was measured at 239U(ADH)/mL (settled matrix).

Using a portion of the batch of STREAMLINE-Phenyl matrix destined for use in the 

large scale ST-200 expanded bed column, a small scale ST-50 cycle was performed in 

which diluted homogenate to loaded to 20% breakthrough of ADH. The dynamic 

binding capacity calculated here was higher, at 263U(ADH)/mL(settled matrix). The 

loading criteria and results from this run, were used as the basis for the subsequent 

scale-up of the expanded bed adsorption process as reported in the next chapter.
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7. Scale-up of expanded and packed bed purification routes. 

7.1 Introduction

The expanded and packed bed chromatography techniques examined so far in this 

work have been performed at laboratory scales of operation. However an important 

consideration in the selection of an appropriate technique for protein purification is 

the ease with which a particular route can be scaled-up to produce large quantities of 

the desired protein. The main aims of this chapter are to investigate the scale-up of 

both expanded and packed bed chromatography routes for the recovery of ADH from 

laboratory-scale to pilot-scale operation. For the purposes of this work, laboratory 

scale chromatography was defined as involving columns no larger than 0.05m in 

diameter while pilot scale was taken to mean using columns of no greater than 0 .2 m 

diameter. Anything above this scale was considered to be approaching an industrial 

scale of operation.

A short introduction to the principles behind chromatographic scale-up is presented in 

the following section. This is followed by a detailed introduction to the scale-up work 

conducted in this part of the study.

7.1.1 General chromatography scale-up.

As a tool for protein purification, chromatography has many advantages over 

competing techniques, such as electrophoresis and ultra-filtration, when scaling up. 

Chromatography does not involve heat generation or major shear forces. In addition, 

chromatography systems are essentially simple and easily automated (Janson and 

Hedman, 1982). Thus the guidelines that govern the scale-up of chromatography 

operations are relatively simple.

In the scale-up of any unit operation, the goal is to reproduce the small-scale process 

optimised at either the laboratory or pilot plant scale, for resolution, time and yield, at 

an increased volume. For chromatography, the column bed height, superficial liquid 

velocity, sample concentration and ratio of sample, wash and elution (step or 

gradient) volume to matrix volume, all optimised at laboratory scale are kept the same 

(Sofer and Nystrom, 1989)
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On scale-up, the required increase in the volume of a chromatography column is 

generally achieved by increasing the diameter of the column whilst maintaining the 

same column height. The height of the column is not changed for two major reasons. 

Increasing column length can change the chromatographic performance due to an 

increase in resolution and processing time. More importantly, longer packed bed 

columns can result in excessive matrix compression.

Matrix compression is usually prevented by a balance between the tendency of 

frictional forces to “push” the packing downwards and the support imparted to the 

matrix through contact with the column wall. With narrow columns, a larger fraction 

of the matrix is in contact with the wall, thus the supporting action is best in slender 

columns. Of course any number of shorter chromatography colunm can be joined 

together, in series or parallel, to provide greater length and large capacity as is often 

required in the case of gel filtration chromatography. Increasing both column 

diameter and bed height can result in matrix collapse in the centre of the column 

where the supporting action of the column wall becomes negligible. Such bed collapse 

was observed by van Brunt (1985) during the scale-up of the production of 

recombinant a-interferon. The crude extract was purified by immuno- 

chromatography using an agarose based matrix at laboratory scale. On scale-up, 

radial compression of the matrix produced a decrease in the attainable flow rate and 

caused significant back pressure. As a result a more rigid silica support was 

subsequently employed for large scale chromatography.

The scale-up of a chromatography stage not only involves an increase in the column 

diameter, but also an increase in size or scale of the ancillary equipment used to run 

and monitor the column. The contributions of such equipment must also be 

considered when designing large scale chromatographic operations (Sofer and 

Nystrom, 1989).

Most chromatographic scale-up is concerned with the operation of packed beds of 

adsorbent. However with the growing use of expanded beds, more attention is being 

directed towards the scale up of this technique (Johansson et al, 1993, Lindgren et 

al, 1993, Bamfield Frej et al, 1996). Experimentation performed in chapter 6  

demonstrated that the expanded bed matrix suitable for capture of ADH had a much
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lower capacity for ADH than the corresponding packed bed matrix. As a result the 

amount of matrix required to capture and purify a certain quantity of ADH is likely to 

be much greater for the expanded bed route than the packed bed route. Expanded bed 

processes are likely to be characterised by lower binding capacities that their packed 

bed counterparts and as such the degree of scale-up for an expanded bed process is 

likely to be much greater for expanded bed routes than packed bed route. The 

prediction of operation of expanded beds at increased scale is therefore of paramount 

importance for the successful implementation of this technique in industrial settings.

The following section describe the basis on which the scale-up of the packed and 

expanded bed column was conducted.

7.1.2 Scale-up of packed bed adsorption of ADH from clarified yeast 

homogenate.

In chapter 5, the packed bed recovery of ADH following clarification via continuous 

PEI flocculation (section 5.3.3) was described at laboratory scale using a 0.05m 

XK50/40 column. In one chromatography cycle ADH was loaded to a breakthrough 

of approximately 5% through loading 3L of material onto the column. However the 

total volume of material clarified in the pilot-plant from the starting volume of 60L of 

S.cerevisiae was 53L. A four fold increase in the column diameter would result in the 

ability to process 16 times the volume processed by the 0.05m column. Thus 

approximately 48L of the above clarified supernatant could be processed by a 0.2m 

diameter packed bed loaded to 5% breakthrough.

The packed bed process was therefore scaled-up on the basis of a 4 fold increase in 

column diameter, all other parameters remaining constant. To ensure consistency 

between the laboratory column cycle (chapter 5, section 5.3.3) and the 0.2m pilot- 

scale run, supernatant was clarified in exactly the same manner prior to the pilot-scale 

column as for the lab-scale column cycle.

The scale-up of this packed bed adsorption route and the performance of the pilot- 

scale chromatography run is discussed in detail later in this chapter.
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7.1.3 Scale-up of expanded bed adsorption of ADH from crude yeast 

homogenate.

With the packed bed column scaled-up by a four fold increase in column diameter, the 

lab-scale expanded bed process (chapter 6 , section 6.2.7), was scaled-up using the 

same design criterion. Thus the 0.05m ST-50 expanded bed loaded to 20% ADH 

breakthrough with diluted homogenate, was scaled up to 0 .2 m diameter loaded to the 

same breakthrough. 1.23L of diluted homogenate was loaded onto the laboratory 

scale column (ST-50) as described in chapter 6 , section 6.2.7. Therefore a four fold 

increase in column diameter would result in the ability to process approximately 20L 

of diluted homogenate when loaded to the same level of ADH breakthrough.

The performance of the ST-200 expanded bed column and an evaluation of the 

success of the scale-up is discussed later in this chapter.

For both the packed and expanded bed adsorption routes, issues relating to the ease 

of operation at scale are also discussed.

7.2 Materials and methods.

7.2.1 Scale-up of packed bed clarification route.

7.2.1.1 Experimental apparatus

A Bioprocess Glass Column BPG200/500 (Pharmacia Biotech AB, Sweden) was 

used in the scale-up of the packed bed adsorption route. A schematic diagram of the 

BPG column and ancillary equipment is given in Fig.7.1.

Two 300L stainless steel tanks equipped with top mounted agitators, were connected 

together through their outlet pipes to a T-piece upstream of a 4 port-2 way valve

(VI). Also connected to this valve was a 120L stainless steel mobile buffer tank used 

for holding clarified supernatant during loading onto the column. Flow from this valve 

was pumped onto the packed bed using a peristaltic pump (Model 505DI, Watson 

Marlow, UK) through a 0-6bar in-line pressure gauge. A flow reversal valve (Model 

4-port-4-way, Pharmacia Biotech AB, Sweden), V2 in Fig 7.1, was included to allow
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Fig.7.1 Schematic diagram of the 0.2m diameter packed bed
(BPG200/500) with ancillary equipment.
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Fig.7.2(a) Photograph of the BPG200/500 column during packing. Visible in 
the photograph are the two stainless-steel mobile buffer tanks used 
to hold the equilibration and elution buffer during chromatographic 
operation Both tanks are fitted with top mounted agitators.

Fig. 7.2(b) Photograph of the BPG200/500 column during operation. The 
pump, UV detector, fraction collector and other ancillary 
equipment are visible in the photograph.
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drop over a 0.15m packed bed of Phenyl Sepharose as indicated by the manufacturer. 

The final bed height for the packed matrix was 0.129m.

7.2.1.3 Residence time distribution experimentation.

Evaluation of the column packing was achieved by determining the height equivalent 

to a theoretical plate, HETP, through residence time distribution experiments.

HETP, in its simplest terms is expressed as;

HETP = ^  Eq.7.1

where L is the bed height in metres and N is the number of theoretical plates. N  was 

determined at O.Sm/h intervals between 1 and 3 m/h for the 0.129m packed bed from 

the negative step side of a series of step inputs of tracer solution as described in 

section 3.2.5, The tracer solution was 0.25%(v/v) acetone in buffer A (0.78M 

(NH4)2S04, 0.02M KH2P04 pH7). Buffer A was used to equilibrate and wash 

tracer from the column. The RTD experiments were performed at 20°C.

7.2.1.4 Continuous * in-line" pilot-scale PEI flocculation and centrifugal 

clarification.

A schematic diagram of the pilot-scale in-line PEI flocculation and clarification 

process prior to large-scale chromatography is given in Fig.7.3.

60L of 280g/L (wet weight) baker’s yeast in buffer (O.IM KH2PO4, pH6.5) was 

disrupted in a pilot-scale high-pressure homogeniser (Model K3 ) for 5 discrete passes 

at 500 bar(g) at a throughput of 280L/h.

The homogenate was flocculate through in-line mixing of PEI (l%(w/v)) exactly as 

described for the pilot-scale run prior to the XK50/40 run in section 5.3.3. The mix 

ratio of PEI to homogenate was again determined to be 0.3:0.7. Due to the cost of 

the Phenyl Sepharose FF (low sub) matrix, the supernatant from the CSA-I soft feed 

centrifuge was passed through the Sharpies IP centrifuge as a precautionary measure 

to ensure full clarification of the supernatant prior to loading. The CSA-1 supernatant 

pool was loaded onto the IP at 30L/h with the IP operated at 50,000g (45,000rpm).
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Ammonium sulphate (100% saturated solution in O.IM KH2 PO4 , pH6.5) was added 

to the IP supernatant pool to adjust the salt concentration to 0.78M and no further 

dilution of the pool was required.

7.2.1.5 Large-scale packed bed chromatography

After equilibration of the BPG200/500 column with buffer A, clarified supernatant 

was loaded at a liquid velocity of 2m/h until the breakthrough of ADH reached 

approximately 5%. Unbound material was washed from the column in the reverse 

direction to loading with 7.5 volumes of buffer A. Bound ADH was eluted with a step 

decrease in salt concentration by applying buffer B to the column at 0.75m/h. The 

total ADH eluted per unit volume of matrix corresponded to the dynamic binding 

capacity (DBC) of the matrix for ADH at a breakthrough of 5% under the adsorption 

conditions chosen. The column was regenerated with 10 column volumes of IM 

NaOH, which was washed from the column with Dl-water before storage in ethanol 

(20%(v/v)). A photograph of the BPG200/500 column prior to loading with 

supernatant is provided in Fig.7.2(b).

7.2.2 Scale-up of expanded bed adsorption route.

7.2.2.1 Experimental apparatus

A 0.2m diameter STREAMLINE column (ST-200, Pharmacia Biotech AB, Sweden) 

was used in the scale-up of the expanded bed adsorption route. A schematic diagram 

of the ST-200 column and ancillary equipment is illustrated in Fig.7.4 with a 

photograph of the same equipment provided as Fig. 7.5. With the obvious exception 

of the STREAMLINE column itself, the experimental apparatus used for the 

expanded bed adsorption cycle was the same as that used for the BPG cycle. 

However a second peristaltic pump (Model 605DI, Watson Marlow, UK) was used 

to pump Dl-water from a separate 40L reservoir to the head space above the top 

adapter as indicated in Fig.7.4. This allowed the position of the upper adapter within 

the column to be adjusted hydraulically during the expanded bed cycle.
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Fig.7.4 Schematic diagram of the 0.2m diameter expanded bed (ST-200)
with ancillary equipment.
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Fig. 7.5 Photograph of the ST-200 expanded bed column and ancillary
equipment. The smaller mobile buffer tank was used to both 
transfer small batches of buffer to the larger buffer tanks, and also 
to store the diluted yeast homogenate during loading of the 
column. Visible behind the ST-200 column is the hydraulic pump 
and water reservoir for raising and lowering the upper adapter.
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1.1.2.2 Column packing.

The expanded bed columns was filled with 4.94L of STREAMLINE-Phenyl (low sub) 

as described in section 3.2.2. The settled bed height of this matrix was 0.157m

1.2.2.3 Expansion tests.

The expansion of this particular batch of matrix (lot no. LjB 87207) had already been 

measured within the ST-50 column and presented in chapter 3. However the 

expansion of the same batch of matrix within the 0 .2 m diameter column was also 

measured for consistency. Expansion of the matrix was measured at 0.6m/h intervals 

over the range 0-3.6m/h in both Dl-water and buffer A at 20°C. The bed was allowed 

to stabilise between readings for 0.3h to ensure steady state expansion was achieved. 

The degree of expansion for the matrix within the ST-200 column was compared to 

the expansion of the same batch of matrix in the ST-50 column.

1.2.2.4 Feed preparation

Bakers’ yeast (280g/L wet weight, 20L) was prepared exactly as described in chapter 

6 , section 6.2.7.

7.2.2.5 Large scale expanded bed chromatography.

After equilibration and expansion of the matrix at 2m/h, homogenate prepared and 

diluted as described above, was loaded onto the column at 2 m/h to a breakthrough of 

ADH of 20%.

7.3 Results and discussion.

7.3.1 Packed Bed Scale-up.

7.3.1.1 Column packing.

The results for the calculation of the number of theoretical plates (N) for the BPG 

column as a function of flowrate, after packing with Phenyl Sepharose FF (low sub) 

matrix are illustrated in Fig.7.6. Also shown is the height of an equivalent theoretical 

plate (HETP), which is often taken as a measure of the efficiency of column packing.
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As a general rule of thumb, a good HETP value is approximately 2-4 times the mean 

particle diameter of the medium in question, provided that the tracer solution used to 

measure N does not interact with the matrix (Pharmacia Biotech BPG manual).

The mean particle diameter for Phenyl Sepharose FF (low sub) was earlier determined 

as 84.5pm (chapter 2) and the HETP figures, illustrated in Fig.7.6, are approximately 

four times the mean bead diameter, indicating that the BPG column was well packed. 

As the flowrate of the tracer solution was increased, N was seen to decrease as 

observed in the small scale packed bed (chapter 3). Here the relative decrease was 

much greater than that observed with small-scale packed bed. Axial dispersion 

coefficients were found to be approximately half the values reported for the lab-scale 

XK50/40 packed bed as presented in chapter 3.

Caution should however be applied when comparing values of N and HETP between 

different chromatographic systems. N and HETP are influenced by the extraneous 

column equipment such as different pumps sizes, tubing diameters, tube lengths and 

bubble traps (Johansson, 1994). These factors were considered as much as possible 

during the scale-up of the chromatography stage. However small differences in the 

tubing lengths and the lack of a bubble trap on the large scale column, are likely to 

have been translated into large differences in the apparent performance of the system 

as measured using the above approach. The usefulness of N and HETP in this 

instance was therefore limited to a one-off assessment of column packing relative to a 

standard rule of thumb.

7.3.1.2 Continuous PEI flocculation and clarification.

60L of baker’s yeast was clarified and purified prior to pilot-scale chromatography, 

using the continuous PEI flocculation and clarification route, as described earlier in 

section 5.3.3 for the lab-scale column run. Preservation of the quality of the feed for 

the pilot-scale column run was vital for scale-up success and as such, the clarification 

and purification scheme was performed in an almost identical fashion to that 

described in section 5.3.3. One exception to this was the inclusion of the IP tubular 

bowl subsequent to CSA-1 clarification. The IP functioned to removed a small 

amount of insoluble solids that were not separated out over the CSA- 1  stage.
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However, as evident from the purification table for the clarification run (Table 7.1), 

the use of the IP had no major influence on the purification or the yield of the pilot 

scale process. A mass balance for the process prior to pilot-scale chromatography is 

given in Fig.7.7.

Purification

stage

Volume

(L)

Total

ADH

(U*10^)

Total

Protein

(mg*10")

Specific

activity

(U/mg)

PF

(-)

Yield

(%)

[A] Homogenate 60 14,520 1,764 8.23 1 100

[B] CSA-1 Slurry 46.7 5,790.8 1,120.8 5.16 - 39.8

[C] CSA-1 Supernatant 41.4 9,356.4 575.4 16.25 1.97 64.4

P I IP Supernatant 40.3 9,430.2 556.1 16.95 2.06 64.9

p ] Adjust to 

0.78M(NH4)2S04

50.3 8,958.9 585.9 15.28 1.85 61.7

Table 7.1. Purification table for the disruption o f S.cerevisiae and subsequent 
clarification through continuous PEI flocculation and centrifugation.

Comparable yields and purification factors for the target enzyme ADH were obtained 

during this clarification procedure as those determined during the clarification 

procedure employed upstream of the lab-scale chromatography column described in 

chapter 5, section 5.2.4. Small variations between the two yields (65% and 61%) 

along with a lower purification factor of 1,85 compared with 2.07 prior to the lab- 

scale packed bed were through to be caused by variations in the levels of ADH in the 

yeast used in the two clarification routes. However these differences were considered 

to be too small to have an appreciable effect of the scale-up of the chromatography 

column.

7.3.1.3 Pilot-scale packed bed chromatography.

Supernatant from the pilot scale clarification route, with an ADH concentration of 

173U/mL at a protein level of 11 2mg/mL was loaded to the BPG 200/500. A mass 

balance and purification table for the scaled-up BPG run is provided in Table 7.2.
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in O.IIVIKHsPO^at pH6.5
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500 barg 
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50,000g
Q=30L/h

ADH= 234 U/mL 
TP = 13.8 mg/mL
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10L.

100% sat. (NHOzSO .̂
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Supernatant to 
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50.3 L Supernatant ADH=178.11 U/mL 
TP = 11.65 mg/mL

Fig.7.7 Mass balance for the continuous PEI flocculation process for the 
clarification of S.cerevisiae cell debris following high pressure 
homogenisation prior to pilot-scale chromatography. The overall 
yield for ADH was 61.7% with a purification factor of 1.85.
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The four fold increase in diameter of the BPG column over the XK50/40 column 

required a 16 fold increase in volume of feed to achieve the same ADH breakthrough 

levels. For the pilot scale chromatography cycle, 47.5L (11.72 column volumes) of 

supernatant was loaded to 4.5% ADH breakthrough on the BPG column, as 

compared with 2.96L, or 12.08 column volumes, to achieve a 3.6% breakthrough of 

ADH with the lab-scale XK50/40 column. For both lab and pilot scale columns 7.5 

column volumes of buffer A were required to wash unbound material from the 

column. Elution of bound ADH was achieved using 6  column volumes of eluate at 

both the lab and pilot scale. Thus the scale-up factor of 16 worked very well in terms 

of predicting the volumes of load, wash and elution buffer required for the operation 

of the pilot-scale column. The success of the scale-up can be observed by comparing 

the chromatogram for the pilot-scale run (Fig.7.8 ) with that of the lab-scale run 

performed in chapter 5 (Fig. 5.11)

Chromatography

stage

Volume

(L)

Total

ADH

(U*10^)

Total 

Protein 

(mg* 10")

PF*

(-)

Yield

(%)

Load 47.55 8,238.98 533.0 1 100

Breakthrough 47.55 96.66 347.0 - 1.17

Wash 29.25 1,266.6 54.4 - 15.37

Eluate 23.58 6,703.6 61.4 7.06 81.3

Table 7.2. Summary o f the BPG200/500 Phenyl Sepharose chromatography cycle 
loaded to breakthrough o f ADH with clarified S.cerevisiae supernatant.

^Purification factors are given relative to column feed.

The volumes of buffer used at each stage of the BPG chromatography run, were 

scaled up by a factor of 16 over that used in the lab-scale XK50/40 run. The amounts 

of ADH and protein, distributed over the various stages of the BPG run as reported 

by the mass balance in Table 7.2, can be seen to be approximately 16 times higher 

than those reported for the lab scale XK50/40 cycle operated under the same 

chromatography conditions of load, wash and elution. The chromatogram for the 

pilot-scale BPG200/500 chromatography run is illustrated in Fig.7 . 8  and is identical in
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Fig.7 . 8  Full chromatogram for the 0.129m bed height BPG200/500 column
packed with Phenyl Sepharose FF (low sub) loaded to ~5% 
breakthrough of ADH with clarified S.cerevisiae homogenate from 
the process route employing continuous PEI flocculation and CSA- 
1 centrifugation. Reverse direction wash and elution were applied 
to the column after loading.
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appearance to the corresponding chromatogram for the lab-scale XK50/40 run 

(Fig.5.12).

The total amount of ADH bound to the 4.05L of packed Phenyl Sepharose matrix in 

the BPG column was 6,703,627U. This corresponded to a dynamic binding capacity 

of l,655U/mL(packed matrix). For the XK50/40 cycle the dynamic binding capacity 

was 1819U/mL(packed matrix. As previously demonstrated, purification of the 

supernatant stream for ADH relative to protein, prior to hydrophobic interaction 

chromatography, produces an inherently higher binding capacity for ADH due to a 

reduction in the concentration of competing protein per unit volume of feed. Thus the 

variation in the specific activity of the feed, accounted for the apparently lower DBC 

for the BPG200/500 column over the XK50/40 column. Assuming the specific 

activity of the clarified material loaded onto both the lab and pilot scale columns had 

been equal then the DBC at 5% breakthrough, obtained at both scales of operation, 

would have also have been equal.

In summary the scale-up of the lab-scale packed bed chromatography based on 

increasing the column diameter was successful.

7.3.2 Expanded Bed Scale-up.

7.3.2.1 Expansion of STREAMLINE-Phenyl matrix in 20cm diameter 

expanded bed.

The degree of expansion of 5.686L of STREAMLINE-Phenyl (low sub) matrix (lot 

no. LjB87207) from a settled bed height of 0.188m as a function of superficial liquid 

velocity in Dl-water is plotted in Fig.7.9. The degree of expansion of a smaller 

quantity of the same batch of matrix in the ST-50 column is also plotted. It can be 

seen that the increased diameter of the ST-200 column had no significant effect on the 

expansion of the STREAMLINE matrix in comparison to expansion of the same 

matrix in the smaller diameter ST-50 column. This would indicate that the distribution 

of flow across the diameter of the larger column was similar to that achieved in the
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Fig.7.9 Comparison of the expansion of the prototype STREAMLINE-
Phenyl expanded bed matrix (lot no. LjB87207) in the ST-50 and 
ST-200 expanded bed columns. The expansion at both scales of 
operation was identical.
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laboratory scale column. In fact, both the ST-50 and ST-200 columns have only 1 

inlet port through which flow is injected into the column and as such are very similar 

in their design. Thus it would be expected that no significant deviation in the 

expansion of the matrix over these two scales would be obtained. If the flow had been 

distributed across the width of the column by using multiple points of entry, then the 

distribution of flow might have been significantly affected, resulting in a change in the 

bed expansion characteristics.

7.3.2.2 Homogenate preparation.

The preparation of feed to the ST-200 expanded bed was the same as that followed 

during the preparation of feed to the ST-50 expanded bed as described in chapter 6 , 

section 6.3.4. A mass balance for the preparation and dilution of the S.cerevisiae cell 

homogenate prior to loading onto the expanded bed is given in Table 7.3.

Homogenate in both lab and pilot scale preparations was diluted to a specific activity 

of 7.1U(ADH)/mg(protein) at approximately 10mg(protein)/mL. Again small 

variations in the level of ADH between different batches of yeast resulted in different 

final volume of homogenate on dilution. In the small-scale ST-50 preparation, a 

volume of 58.5L having an ADH concentration of 75U/mL at a protein concentration 

of 10.6mg/mL was obtained. The end of the preparation to the ST-200 column 

resulted in a 53L pool having an ADH concentration of 75U/mL at protein levels of 

13.3mg/mL.

Total Total Specific

Purification Volume ADH Protein activity PF Yield

stage (L) (U*10^) (mg* 10") (U/mg) (-) (%)

[A] Homogenate 20 4,141 542.2 7.63 1 100

[B] Adjust to 25 3,973.5 536 7.41 0.97 96

[C]
0.78M(NH4)2S04 
Dilution to

lOmg/mL Protein

53.6 4,020 553.1 7.26 0.95 97

Table 7.5. Preparation and dilution o f yeast homogenate (280g/L in O.OIM KH2PO4, 
pH6.5) prior to loading onto the pilot-scale ST-200 expanded bed.
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7.3.2.3 Pilot scale expanded bed chromatography.

Diluted homogenate was loaded onto the expanded bed to a breakthrough of 21.5%, 

slightly higher than the 20% breakthrough with the lab-scale ST-50 run. Again the 

four fold increase in column diameter was accurately translated into a 16 fold increase 

in the volume of the load, wash and elution stages for the ST-200 column over the 

ST-50 column as evidenced by the volume required to reach the ST-200 ADH 

breakthrough of 21.5%. Table 7.4 presents the mass balance for the ST-200 

chromatography cycle with the chromatogram for the cycle presented in Fig.7.10. 

The small scale ST-50 mass balance was presented as Table 6.7 in chapter 6 .

Chromatography

stage

Volume

(L)

Total

ADH

(U*10^)

Total 

Protein 

(mg* 10 )̂

PF*

(-)

Yield

(%)

Load 21.28 1,596 219.6 1 100

Breakthrough 21.28 32.1 13.1 - -

Wash 48.72 344.4 171.5 - 21.5

Eluate 20.43 1,271.7 21,800 8.02 79.7

Table 7.4 Summary o f the ST-200 pilot-scale recovery o f ADH from 20L o f
S.cerevisiae homogenate.

The recovered yield of ADH from both lab and pilot scale columns was 

approximately 80%. The purification factor for the ST-50 run slightly higher than the 

scaled-up run, however this was thought to reflect variations in the specific activity of 

the feed to the respective columns. The total amount of ADH bound to the 5.686L of 

settled STREAMLINE-Phenyl matrix in the STO-200 column was 1,271,781. This 

corresponded to a dynamic binding capacity of 224U/mL(packed matrix) at 21.5% 

breakthrough. For the ST-50 cycle the dynamic binding capacity was at 20% 

breakthrough was 263U/mL(packed matrix. Again the difference in the DBC between
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the two scales of operation were thought to be due to the difference in specific 

activity of the feed to the respective columns.

7.4 Conclusions.

The main purpose of the investigations conducted in this chapter were to compare the 

scale-up of both packed and expanded bed based adsorption routes from laboratory 

to pilot-scale operation. Prior to both packed and expanded bed adsorption, the 

preparation of the feed to the lab-scale and pilot-scale columns was tightly controlled 

to minimise variations in the quality of the feed between the two scales of operation. 

However natural variation in the levels of ADH present in the yeast between different 

fermentation batches, introduced some degree of error into both the packed and 

expanded bed investigations. These were reflected in differences in the overall 

purification factors and dynamic binding capacities obtained at the two scales of 

operation

The packed bed column was successfully scaled-up from 0.05m to 0.2m diameter 

operation on the basis of increased column diameter with constant bed height. This 

was expected to result in a 16 fold increase in the volume of load required to reach a 

specific level of ADH breakthrough. Experimental results confirmed this prediction. 

The maintenance of constant bed height, liquid velocity and sample concentration 

between the two scales of operation, resulted in close agreement between the 

dynamic binding capacities between the two column runs. Small variations were 

observed, but were attributed to the variation in specific activity of the feed between 

the lab and pilot-scale column runs.

The expanded bed scale-up was also well predicted based on increased column 

diameter. The degree of bed expansion of the same batch of STREAMLINE-Phenyl 

matrix in the 0.05m and 0.2m diameter columns was unaffected by the increased scale 

of operation. The four fold increase in column diameter, again produced the expected 

16 fold increase in volume required to reach a specific breakthrough level of ADH. 

Close agreement between the dynamic binding capacities as measured in the ST-50 

and ST-200 run was observed. Again small difference here were attributed to the
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variation in the specific activity of the feed between the two scales of operation due to 

variations in the yeast ADH levels.

The results from this chapter indicated the performance of both packed and expanded 

bed chromatography columns, at pilot-scale, could be confidently predicted from the 

results obtained at laboratory scale.

253



8. Conclusions.

The aim of this thesis was to develop expanded bed adsorption techniques for the 

direct recovery of ADH from crude S.cerevisiae cell homogenate and to compare this 

approach with conventional routes for the recovery of the same enzyme using packed 

bed adsorption from suitably clarified feed stocks.

The physical properties of the target intracellular enzyme used in this study, alcohol 

dehydrogenase (ADH), were evaluated and reported in chapter 2 with respect to 

time, pH and buffer solution to ensure that the conditions selected for downstream 

processing and chromatography did not adversely affect the stability or activity of the 

enzyme. ADH was shown to possess a narrow window of pH stability presenting 

constraints on the chromatographic processes employed for its recovery. The choice 

of buffer was also demonstrated to have a considerable impact o f the enzyme with 

ammonium sulphate solutions providing increased enzyme activity and stability.

The physical properties of both the packed and expanded bed matrices were evaluated 

in chapter 2, and the fluidisation of the expanded bed matrix STREAMLINE-Phenyl 

(low sub) was examined in chapter 3. Prediction of the degree of bed expansion was 

demonstrated for two buffer solutions having different physical properties. Residence 

time distribution tests were performed to assess the hydrodynamic conditions existing 

in both the expanded and packed bed columns used in this study. Determination of 

axial dispersion coefficients for both column configurations indicated that flow in the 

expanded bed approximated to plug flow which would be expected to result in good 

adsorption performance relative to batch contacting in a stirred tank. The packed bed 

column containing Phenyl Sepharose FF (low sub) was shown to have even smaller 

axial dispersion coefficients and therefore lower levels of band broadening, thus 

providing excellent adsorption performance as expected.

Three different adsorption mechanisms for the chromatographic recovery of ADH 

were evaluated in chapter 4. The extremely low selectivity of the ion-exchange matrix 

Sepharose-DEAE prompted an investigation into both hydrophobic interaction and 

immobilised metal ion affinity chromatography for their merits in enzyme recovery. 

Five different hydrophobic ligands were assessed for ADH recovery using solutions of
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both pure ADH and clarified yeast homogenate on small packed bed columns. Phenyl 

Sepharose FF (low sub) demonstrated the highest binding capacity for ADH from 

which elution of the bound enzyme was possible. The chromatography of ADH from 

clarified yeast homogenate was shown to produce increased levels of adsorbed ADH 

with an increased degree of purification as the total amount of supernatant loaded 

increased. The implication of this finding was that at the salt concentration chosen for 

adsorption, ADH exhibited a stronger hydrophobic character that the remainder of 

the yeast proteins and was preferentially bound in favour of those other proteins.

Having selected the hydrophobic interaction matrix. Phenyl Sepharose FF (low sub), 

four different clarification routes were examined in chapter 5. Lab-scale 

centrifugation was shown to be incapable of removing sufficient colloidal debris to 

prevent rapid fouling of the chromatographic support. Enhanced clarification was 

achieved using PEI flocculation prior to continuous flow disc-stack centrifugation. 

Two methods of contacting of the PEI with the homogenate were examined; batch 

and continuous in-line mixing through a T-piece. The elimination of entrained air 

from the flocculated feed to the centrifuge using the latter approach was shown to 

improve the centrifugal clarification.

The influence of the direction of elution relative to loading during chromatography 

was examined in an attempt to decrease the time required for chromatography. 

Reverse wash and elution was shown to produce tight elution peaks for the target 

enzyme from packed bed columns in comparison to the forward wash and elution 

more usually encountered during chromatographic operation. The total binding 

capacity and dynamic binding capacity at 5% breakthrough of the matrix for ADH 

were determined. Finally in this chapter, fractional precipitation was also examined 

for its potential in debris clarification. Despite increased levels of clarification, long 

processing times coupled with low overall yields favoured the use of the earlier 

clarification process using continuous PEI flocculation for debris clarification prior to 

packed bed adsorption.

Chapter 6, reported on the development of the expanded bed approach for the 

recovery of ADH from the crude cell homogenate using a prototype hydrophobic 

matrix, STREAMLINE-Phenyl. Recovery of the enzyme was achieved more quickly
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than the conventional approaches examined in chapter 5 with higher yields due mainly 

to a reduction in the overall number of unit operations. However the lack of 

purification of the feed stream prior to the expanded bed column, coupled with the 

presence of relatively large concentrations of cell debris, was shown to result in low 

binding capacities of the expanded bed matrix for ADH relative to the packed bed 

figures generated in chapter 5.

The scale-up of both the packed and expanded bed recovery routes was demonstrated 

in chapter 7. Scale-up was achieved through increasing the diameter of both the 

packed and expanded bed columns from 0.05m to 0.2m, at constant bed height. The 

ratio between the sample load volume to matrix volume was preserved on scale up. 

The success of the scale-up for both routes was demonstrated by similar dynamic 

binding capacities at the two scales of operating.
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9. Future Work.

The use of low-selectivity matrices for direct recovery was demonstrated to result in 

low binding capacities through the adsorption of cell debris and other contaminating 

species. Immobilised metal-ion affinity chromatography (IMAC) is generally regarded 

as a more selective adsorption mechanism relying on the surface expose of certain 

amino-acids residues for adsorption. Non-specific adsorption of cell debris and other 

contaminating species can be reduced through a manipulation of the salt 

concentration during adsorption. ADH possesses exposed histidine residues and its 

recovery from clarified S.cerevisiae homogenate was demonstrated earlier in this 

work. A STREAMLINE-EDA matrix is now available and further investigations into 

the use of IMAC for direct adsorption of ADH from the crude homogenate are 

recommended.

Suggestions in the literature that high viscosity wash buffer would reduce the overall 

volume of wash buffer require further investigation. A reduction in the amount of 

wash buffer could result in increased productivity of the expanded bed approach. If 

glycerol is employed for such a task, then its complete removal prior to elution must 

be demonstrated. This is an area for further experimentation.

A thorough investigation into the life-length and clean-in-place procedures of both the 

hydrophobic packed and expanded bed adsorption matrices employed in this study 

should be undertaken. Without this information it is difficult to assess accurately the 

contribution of the matrix costs to the overall cycle operating costs.

A more detailed economic evaluation of both the conventional and expanded bed 

routes examined in this thesis, will form the basis for a future publication and will 

include factors such as fermentation costs and CIP reagent costs.
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Appendix A. Comparative assessment of ADH recovery using 

packed and expanded bed purification routes. 

Introduction.

Throughout the body of this thesis, the performance of the packed and expanded bed 

routes for the recovery of ADH were assessed individually in terms of yield, overall 

purification and processing time. The aim of this short Appendix is to draw out some 

of the major observations arising from the packed and expanded bed recovery routes 

performed at both laboratory and pilot scale and also to discuss the implications of 

those observations for industrial operation.

Within the following discussion, capital cbsts associated with the relevant recovery 

routes have not been considered as these are likely to be very case sensitive. Similarly 

conclusions concerning operating costs are also not considered as the main focus for 

the following discussion is the generic points that can drawn out from the two 

recovery routes investigated. Specific results which highlight salient points are 

mentioned where appropriate.

The following aspects will be covered:

• Matrix capacity for target molecule.

• Buffer consumption

• Floor area and working height.

• Matrix lifelength and CIP protocols.

Matrix capacity for target molecule, ADH.

In general, binding capacities for expanded bed matrices are likely to be lower than 

those commonly encountered during packed bed column chromatography. Inherent 

differences between the two matrices such as mean particle size and particle size 

distribution would result in different binding capacities due to the differences in 

physical properties between the two types of matrix (Chang and Chase, 1994). 

Feedstreams to expanded bed columns usually contain high concentrations of cells 

and cell debris along with relatively high concentration of other soluble foulants. Such
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contaminating species often compete with the target molecule resulting in a reduction 

of the effective binding capacity of the matrix as discussed in chapter 1. Low binding 

capacities for expanded bed matrices leads to the need for large volumes of matrix, 

large chromatography columns and ancillary equipment such as pumps and detection 

equipment which may contribute greatly to the capital costs associated with expanded 

bed adsorption routes

Within this study there was a marked difference between the adsorptive capacity of 

the hydrophobic Phenyl-STREAMLINE matrix and the packed bed Phenyl Sepharose 

matrix for the recovery of ADH. In this study, the feed stream to the Phenyl- 

Sepharose matrix had been extensively clarified and partially purified prior to 

chromatographic adsorption, whereas the feed to the expanded bed column was both 

unclarified and not purified with respect to ADH. These factors resulted in binding 

capacities for ADH of the packed bed Phenyl Sepharose FF (low sub) matrix of 

1485U/mL (settled matrix), in comparison with 239U/mL (settled matrix) for the 

Phenyl STREAMLINE expanded bed matrix. The large difference between these two 

figures has important implications for recovery of ADH using a given route. To 

recover the same quantity of enzyme from a given 60L volume of yeast cell 

homogenate would ultimately require a 0.2m packed bed column containing 4.7L of 

Phenyl Sepharose FF (low sub) while the corresponding expanded bed column to 

effect the same capture and purification would be 0.8m in diameter and contain 70L 

of Phenyl STREAMLINE. The vast increase in column size has important 

implications for the other factors as listed earlier and are further discussed below.

Buffer consumption.

Expanded bed column operations are typically characterised by the need for large 

volumes of buffer. Expansion of the settled bed to an expanded bed configuration 

may be achieved with water but the equilibration of the expanded bed column would 

consume a proportionally greater quantity of buffer than the same settled volume of 

matrix used within a packed bed column. As a rule of thumb, expansion of 3-4 times 

the settled bed height would required 3-4 times the volume of buffer than would 

otherwise be required using a packed bed configuration.
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Once again the major factor controlling the actual quantity of buffer used is the 

dynamic binding capacity of the matrix for the target molecule. Large columns need 

greater quantities of buffers for their operation. This has important considerations for 

the actual type of buffer used as expensive buffer components may become a 

considerable cost factor at a larger scale. The generation of large quantities of 

purified water for buffer make-up should also be considered when designing a 

downstream recovery process.

In this particular study the use of a hydrophobic matrix warranted the use of a buffer 

with a high salt concentration of 0.78M ammonium sulphate. Two major issues arise 

from the use of such a buffer. First is the expense of the salt itself but also the 

disposal of large quantities of the nitrogen containing salt should also be remembered 

during plant design. Minimising the environmental impact of the discharge of large 

volumes of high salt buffers may prove costly.

The volumes of buffers required for CIP are also generally larger than those typically 

encountered within packed bed systems. CIP will be dealt with in more detail in a 

later section.

Floor area and working height.

A typical conventional downstream processing operation is likely to consist of 10 of 

more unit operations before a purified homogeneous product is obtained. One 

obvious consideration in the design of such processes is the available floor space 

within which the necessary unit operations may be housed and contained separate 

from each other where necessary. A distinction between the actual amount of space 

required for any process is again system specific depending largely upon the location 

of the product within the host cell and once again the matrix binding capacity and the 

diameter of the columns in question. Operations involving expanded bed column 

chromatography may become particularly space intensive given that scale-up is based 

on increasing column diameter whilst maintaining the same column height. Not only 

would more room be required for the expanded bed column itself, but also for the 

increased volumes of buffer that would result from such a scale-up.
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The actual height of the chromatography columns used within DSP operations are 

also important considerations in planning for the location and space requirements of 

the relevant downstream processing unit operations. Expanded bed columns are 

typically longer than their packed bed counterparts through a need for both bed 

expansion and an upper movable adapter. Extra space above the top adapter is also 

required for the disassembly of the column. This space is likely to increase as the 

column diameter increases as columns above 0.2m in diameter are usually constructed 

from stainless steel and the increased weight of the top adapter would require more 

space to allow access for specialised lifting equipment.

Matrix lifelength and CIP protocols.

The factors concerning matrix lifelength and Clean-in-place (CIP) protocols are 

closely linked together as the performance of the latter affects the magnitude of the 

former. An inherent property of expanded bed adsorption systems is that they are 

likely to be employed for direct recovery of a soluble component from a crude 

feedstock. This is likely to result in the need for more aggressive CIP procedures in 

order to return the matrix to its virginal status. This has clear implications for the 

lifelength of such matrices subjected to harsh cocktails of CIP reagents would often 

include warm caustic, acidic solutions and solvents.

In contrast, packed bed matrices are subjected to more gentle conditions as 

feedstreams to such beds are essentially free from cells, cell debris and the packed bed 

process design would have been selected to reduce the concentration of other soluble 

foulant species may become irreversibly bound to the matrix. Consequently, the 

volume, contact time and nature of the CIP reagents used to clean the packed bed 

matrices are likely to be similar yet less aggressive in their action.

Whilst lifelength studies of both the packed and expanded bed matrices used was not 

a major feature of this study, this is likely to form a major component of any 

economic evaluation. For situations where the matrix is disposed after one cycle to 

satisfy regulatory concerns, the cost of the matrix becomes a major consideration, and 

the subsequent validation of clean-in-place protocols for the continued re-use of such
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large volumes of matrix may pale in comparison to the total cost of matrix consumed 

during the life of a given process.
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Kula M R , Kroner K.H., Hustedt H , (1982), Adv. Biochem. Eng., ed. Fiechter A., 

24, pp.73-118.

Lee A.L., Velayudhan A., Horvath C , (1988^, Preparative HPLC, 8̂  ̂ Ini 

Biotechnol Symp, Paris, ed. Durand G , Bobichon L., Florent J., Soc. Fran. 

Microbiol., 1, pp. 593-610

Levenspiel O , (1962), Chem. Eng. Sci., 17, pp.576-577.

Levenspiel O , (1972), Chemical Reaction Engineering, ed., Wiley, New York.

Lewis W.K., Gilliland E.R., Bauer W.C., (1949), Ind. Engng. Chem., 41, pp. 1104.

Lindgren A., Johansson S., Nystrom L-E., (1993), Scale-up of expanded bed 

adsorption. Presented at the Seventh Bioprocess Engineering Symposium, Am. Soc. 

Mec. Eng.

268



Liu Y.A., Hamby R.K., Colberg R.D., (1991), Powder Tech., 64, pp.3-41 

Lonsdale H.K., (1982), J. Membrane Sci., 10, pp.81-181.

Magonet E., Hayen P., Delfcrge D , Delaive E., Remade J., (1992), Biochem J., 287, 

pp361-365

Mattiasson B., (1983), TIBTECH, 1(1), pp. 16-20.

Melander W , Horvath C , (1977), Arch. Biochem. Biophys., 183, pp.200-215.

Milbum P., Bonneijea J., Hoare M., Dunnill P., (1990), Enzyme Microb. Technol, 

12, pp527-532.

Noda M., Sumi A, Ohmura T., Yokoyama K, (1996), European Patent Application, 

EP 069 968 7A2.

Nozaki Y., Tanford C , (1971), J. Biol Chem., 246, pp.2211

Ollivier M , Bussone P., Wallet J.C., (1996), Purification o f a therapeutic protein 

using expanded bed adsorption chromatography. Downstream, 23, pp.6-7.Pharmacia 

publication, code no. 18-1119-78.

Ogez JR. ,  Hogden J.C., Beal M.P., Builder S.E., (1989), Biotech. Adv., 7, 

pp.467-488.

Olsen O J , (1981), ACS Symp. Ser., 154, p27-36.

Osmond D.W.J., Vincent B., Waite F.A., (1973), J. Coll Interface Sci., 42, p262

Pahlman S., Rosengren J., Hjerten S., (1977), J. Chromatography, 131, pp.99.

Persson I., Lindman B., (1987) “Flocculation in Biotechnology and Separation 

Systems” Ed. Y. A. Attia, Elsevier Science Publishers, Amsterdam, pp227-246.

Pessoa Jnr. A., Hartmann R , Vitolo M., Hustedt H , (1996), J. Biotech., 51, pp.89- 

95.

Peterson E.A  and Sober H. A., (1956), J. Arri. Chem. Soc., 78, pp.751-755.

269



Porath J., Olin B., (1983), Biochemistry, 22, pp. 1621

Porath J., (1986), J. Chromatography, 376, pp.331-341.

Porath J., (1992), Protein Expression Purif., 3, pp.263-281.

Porath J., Carlsson J., Olsson I., Belfrage G , (1975), Nature, 258, pp.598-599

Porath J , Sundberg L., Fomstedt N., Olson I., (1973), Nature, 245, pp.465-466.

Rao K.V.K., Prakash S.G., (1982), Can. J. Chem. Eng., 60, pp.859-862.

Richardson J.F., Zaki W.N., (1954), Trans. Instn. Chem. Engrs., 32, pp.35-53.

Richardson P., Hoare M., Dunnill P., (1990), Biotechnol. Bioeng., 36, pp354-366.

Rosengren J., Pahlman S., Glad M., Hjerten S., (1975), Biochim. Biophys. Acta., 

412, pp.51-61

Salt D E ,  Hay S., Thomas O R T , Hoare M., Dunnill P., (1995), Enzyme Microb. 

Tech., 17, ppl07-113.

Schmidt C , Hjorth R., Barnfield-Frej A.K., Lindquist L.O., Kampe S., (1993), 

Expanded bed adsorption-A new way for industrial recovery o f recombinant 

proteins. Poster at New Zealand Biotech. Association Meeting, Palmerston North, 

New Zealand, May 19-21.

Scopes R.K., (1994), Protein purification, principles and practice, 3*̂** Ed., Springer- 

Verlag, New York.

Scully M.F., Kakkar V.V., (1981), Biochem. Soc. Trans., 94, pp.335-336.

Shah Y.T., (1979), Gas-Liquid-Solid Reactor Design, McGraw-Hill, New York. 

Shaltiel S., Er-el Z , (1973), Proc. Nat. Acad. Sci. USA, 70, pp.778-781.

Short J.L., Webster D.W., (1982), Proc. Biochemistry, 2, pp29-32.

270



Skidmore G.L., Horstmann B.J., Chase H.A., (1990), J. Chromatography, 498, 

p p l13-128.

Skold A., Daniels A.I., Barnfield Frej A.K., (1993), Pilot scale purification of 

recombinant annexin V using expanded bed adsorption, STREAMLINE and 

hydrophobic interaction chromatography, Butyl Sepharose 4 Fast Flow. Poster at 6* 

European Congress on Biotechnology, Florence, Italy.

Slater M.J., (1991), The principles o f ion exchange technology, Butterworth- 

Heinemann, Oxford, England, pp.41-49

Snodgrass P.J., Vallee B.L., Hock, F.L., (1960), J. Biol. Chem., 235, pp 504

Sober H.A. and Peterson E A , (1954), J. Am. Chem. Soc., 76, pp. 1711-1712

Sober H.A., Gutter F.J., Wycoff, M.M., Peterson E.A., (1956), J. Am. Chem. Soc., 

78, pp, 756-763.

Sofer G.K., Nystrom L.E., (1989), Process Chromatography. A practical guide. 

Academic Press Inc., San Diego, USA.

Sperry P R ,  Hopfenberg H.B., Thomas N.C., (1981), J. Coll. Interface Sci., 82, 

pp63.

Srinivasan R., Ruckenstein E., (1980), Separation and purification methods, 9, 

pp.267-370.

Strathman H., (1981), J. Membrane Sci., 9, pp. 121-189.

Suding A , Tomusiak M., (1993), Protein recovery from F.coli homogenate using 

expanded bed adsorption chromatography. Presented at 205^ American Chemical 

Society National Meeting, Denver, Colorado, USA.

Sulkowski E., (1985), TIBTECH, 3, pp. 1-7.

Sulkowski E., (1987), in Protein Purification: Micro to Macro. UCLA Symposia in 

molecular and cellular biology new series, 68, ed. Burgess R , Alan R Liss Inc., 

pp. 149-162.

271



Sulkowski E., Macromol. Chem., Macromol Symp., 17, pp.335-348.

Swaine D E , Daugulis A.J., (1988), Biotechnol. Prog., 4, 3, pp. 134-148.

Tanfor C , (1973J, The hydrophobic effect: formation o f micelles and biological 

membranes, John Wiley and Sons Inc., New York.

Tang W.T., Fan L.S., (1990), Chem. Eng. Sci., 45, 2, pp.543-551.

TerranovaB.E., Bums,M. A., (1991), Biotech. Bioeng., 37, pp 110-120

Thommes J., Bader A., Karau A., Kula M.R., (1996), J. Chromatography, 752,

pp. 111-122.

Thommes J., Halfar M., Lenz S., Kula M.R., (1995), Biotech. Bioeng., 45, pp.205- 

211 .

Tiselius A , (1948), Arkivfor Kemi, Mineralogi Geologi, 26B, pp. 1-5

Thommes J., Weiher M., Karau A., Kula M R., (1995), Biotech. Bioeng., 48, pp.367- 

374.

Tsai A.M., Englert D., (1990), J. Chromatography, 504, pp89-95.

Vallee B.L., Hoch FL., (1955), Proc. Nat. Acad. Sci. U.S., 41, pp 327

von der Harr F., (1976), Biochem. Biophys. Res. Commun., 70, pp. 1009-1013.

Wells C M , Lydiatt A., Patel K., (1987), Separations for Biotechnology, Ellis 

Horwood Ltd., pp.217-224.

Wen C.Y., Yu Y.H, (1966), Chem. Eng. Prog. Symp. Ser., 62, pp. 100-110.

Wilchek M., Miron T., (1976), Biochem. Biophys. Res. Commun., 72, pp. 108-113. 

Yon R J , (1972), Biochem. J., 126, pp.765-767.

Yutani N., OtotakeN., Too J R., Fan L.T., (1982), Chem. Eng. Sci., 37, 7, pp. 1079- 

1085.

272



Zapata G. et al., (1996), Expanded bed adsorption o f a recombinant monoclonal 

antibody at 12,000L scale, Abstr. Recovery o f Biological Products 8, Tucson, 

Arizona USA, American Chemical Society A/B-6.

Zurek C , etal., (1996), Process Biochem., 31(7), pp.679-689.

273


