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ABSTRACT

The development of a process engineering framework for assessing ammonium
sulphate fractional protein precipitation has been studied in this thesis. Existing theories
of precipitation are reviewed. The use of fractionation diagrams to characterise the
performance of a two precipitation process is discussed. A unified isotherm approach
for modelling the fractionation is proposed and verified by comparison with
experimental data. Comparison with polynomial fits, the usual method for modelling
fractional precipitation, shows the isotherm method is superior in terms of its generic
nature.

Using the isotherm approach the effect of operating pH and of solids carry-over
due to inefficient clarification at large-scale operation on the resultant fractionation
have been examined. A series of design scenarios are presented for the case of the
purification of alcohol dehydrogenase from Sacharomyces cerevisiae which illustrate
how the position of precipitation cuts have to be altered in order to accommodate
changes in pH and solids loading.

The isotherm has been extended to the purification of an intracellular protein
product of a recombinant E.coli strain in order to establish the generic nature of the
approach. Issues of process scale-up and associated deviations from levels of
performance achieved at laboratory scale are noted. The ability to use ammonium
sulphate fractionation for crude enzyme purification prior to high resolution separation

by hydrophobic interaction chromatography is discussed.
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Introduction

1.1 Overview

The development of rDNA technology has allowed the production of large
quantities of highly specific biologically active peptides, ranging from those with a
direct pharmaceutical application e.g. Interleukins, to those such as biocatalysts which
can be used to produce stereospecific compounds or greatly simplify organic synthesis
processes. It is against this background that the purification of proteins from microbial
sources has become a field of great endeavour. The unit operations used for
purification of intracellular proteins on the process scale have evolved chiefly from
laboratory separation techniques and as such are based on physical, chemical and
biological activity differences between the target protein and the other biological
constituents of the host cell.  Laboratory techniques however may be intrinsically
labour intensive, difficult to reproduce with the same efficiency at the process scale, or
even impractical to scale up at all (e.g. Gel electrophoresis). The purification
techniques which have made the transition to the process scale are those which have:
low labour requirements/cost per batch, exhibit little batch to batch variation at all
scales (e.g. easily scaled up), and which can help meet the increasing demands of
regulatory bodies (well defined properties and low influence on the final product) .

Chromatographic separation is a good example of how a separation technology
has evolved in tandem with the development of IDNA technology. It was reported in
1972 by Dunnill and Lilly (Dunnill and Lilly 1972) that of the 62 protein isolation
procedures they surveyed 86 % contained an ion-exchange step and 92 % of these
used DEAE-Cellulose or DEAE-Sepahdex. None of the procedures surveyed at that
time contained an affinity separation step. By 1986 Bonnerjea et al. (Bonnerjea et al,
1986) reported that 75 % of the 100 procedures they surveyed contained ion exchange
steps and some 75% of these were carried out using DEAE derivitised supports and at

this time affinity separations were used in 60 % of all the procedures. Therefore there



have been definite trends in the selection of purification steps as more sophisticated
techniques have become available. The trend on the whole has been toward purification
procedures which can rapidly increase the purity of the target protein and reducing
process volume and away from techniques with lower purification factors. When
designing a protein purification procedure few researchers would now use DEAE
derivitised supports as a first choice preferring the higher capacity and resolution
power of S/Q Sepharose media developed more recently.  Furthermore the
development of hydrophobic interaction chromatography (HIC) has added an new
separation dimension to the chromatographic separation techniques available, since
this technique separates proteins by ligand-protein hydrophobic affinity.

Ammonium sulphate fractional precipitation is another interesting separation
procedure reported to be used in 90% of the purification strategies studied by Dunnill
and Lilly (1972) and had decline in popularity by 1986 as only 43 % of the procedures
monitored by Bonnerjea et al. (1986) reported its use. This decline in the use of the
technology is puzzling as this procedure has many advantages: reduction of process
volumes, stabilising some proteins and it is cheap with little needed in the way of
specialised equipment that would not already be available in a biological process plant
(e.g. stirred tank and centrifuge). However the purification which can be achieved by
this step is low and the process is difficult to scale up when compared with
chromatographic techniques. The need to remove residual salt by diafiltration or gel
filtration in order to carry out subsequent ion exchange procedures directly after an
ammonium sulphate fractional precipitation may further account for the decline in
popularity of the technique.

This thesis adds to previous work investigating ammonium sulphate fractional
precipitation in a process context of Foster (1972) and Richardson (1987) and seeks to
establish which factors are important when scaling up a fractional precipitation

procedure from laboratory to pilot-plant scale. The effect of process interactions such



as the consequences of poor debris removal achievable in pilot-scale centrifuges on
fractional precipitation behaviour will be investigated. Furthermore the potential role of
fractional precipitation within a process environment currently heavily focused toward
chromatographic separation techniques has been assessed.

This introductory chapter contains:

. A review of the theoretical arguments proposed to explain the salting-
out properties of neutral salts.

. Descriptions of some of the empirical models which have been used to
describe the solubility profiles of proteins in neutral salts.

. Details of the unit operations used in this study which may have an
impact on fractional precipitation behaviour and a description of the
models used to describe the behaviour of these operations.

. Scope of the thesis i.e. definition of process limits and outline the aims

of the thesis.

1.2 Neutral salt precipitation

Neutral salt have long been used to precipitate proteins from aqueous solutions.
Figure 1.1 illustrates the solubility profile of a typical single protein solution to which
neutral salt is added.

Figure 1.1 Typical solubili rofile of single protein in aqueous-salt solution

*
'03.05

T
Where I represents the ionic strength of the salting out salt (mol/L) and S

equals the solubility of the protein.

*Solmb{(l‘? expressed as Qn2bmg
aceiui@ (U/me) o, ,a/afcm Co e hration (Wg/ﬂf-).
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Addition of the neutral salt initially increases the solubility of the protein in the
solvent phase, a phenomena known as 'salting-in', and further addition of salt reduces
the solubility of the protein until eventually all the protein transfers to the solid phase,
as illustrated in the 'salting-out' region of the solubility curve in figure 1.1.

There have been attempts to use thermodynamic techniques to describe protein
solubility profiles. These have been based on electrostatic and/or hydrophobic
interactions and more recently on the preferential interaction of solvent/salt with the
protein. There now follows a brief summary of the different thermodynamic theories

proposed.

1.2.1 Electrostatic theory

'Salting-in' of proteins can be explained by application of the Debye-Hiickel
theory to the protein solution. Since proteins are charged macromolecules counter
charged ions in the aqueous salt phase will form an ionic atmosphere surrounding the
protein. This ionic interaction decreases the electrostatic free energy of the protein in
solution and hence decreases the chemical activity of the protein in solution enhancing
its solubility. Electrostatic theories are limited when it comes to explaining the salting
out region of the precipitation curve. Only the theory proposed by Kirkwood (1943),
could account for this phenomena in this model the protein is described as a dipole
producing a cavity in the solvent/salt phase which induces polarisation of the solvent
phase. As salt concentration increases the repulsive forces between ions and similarly
charged part of the protein dipole become larger, until it is energetically unfavourable
for the protein to be in solution. A further limitation of the electrostatic theories
developed to describe protein precipitation by neutral salt addition is that none can
account for the vast differences in precipitation behaviour observed when using

different neutral salts.
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The difference in the salting-out properties of neutral salts have been shown to
depend on the anionic species of the neural salt. The salting-out efficiency of neutral
salts follow the lyotropic or Hoffmeister series (1888):

Phosphate > Sulphate > Citrate > Chloride

The more chaotropic the salt the less effective its salting out properties. As
chaotropic species are those which disrupt solvent structures this implies that solvent
structures are crucial for the stabilisation of proteins in solution as well as protein-salt

charge interactions.

1.2.2 Hydrophobic Theory

In order to overcome the limitations of electrostatic theories describing protein
solubilities change in salt solutions Sinanoglu and Abdulnur (1964) defined the free
energy change when a protein leaves a theoretical gaseous phase to enter solution as
being the sum of the electrostatic, Van der Waal, and the cavity-free energy changes.
The cavity-free energy change being the change in free energy which occurs when the
solvent cavity is stretched to accommodate the protein. The cavity term will depend
on the surface tension of the aqueous phase which increases with salt addition during
salting-out. Therefore salting-in occurs when the electrostatic term dominates and
salting-out when the cavity term increases at high salt concentration.

All naturally occurring proteins contain some hydrophobic amino-acid residues,
which will tend to be internalised within the tertiary structure when the protein is in a
aqueous environment forming a hydrophobic core. However there will be some
hydrophobic amino acid residues near or at the protein surface. These will have a large
impact on the free energy of cavity formation as close contact between ionic groups
and salt in the solvent phase is energetically unfavourable. The free energy of cavity
formation was related to the surface area, volume and surface hydrophobicity of the

protein as well as the surface tension of the salt solution by Melander and Horvath
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(1977). They also correlated the surface tension increase with the lyotropic series, thus
explaining how precipitation behaviour changes with lyotropic series. However they
did make some simplifying assumptions about the specific volumes of proteins in
solution, assuming that the volume remains constant with increasing ionic strength. If
as suspected the protein volume does change with salt addition then this will have a
double effect on the calculation of the free energy of cavity formation; impacting on the
volume and surface area terms in the derivation.

In their work Melander and Horvath (1977) tried to correlate protein
precipitation behaviour with retention of the protein on a Hydrophobic interaction
chromatography (HIC) matrix with some degree of success. However not all HIC
behaviour could be correlated to precipitation behaviour since some HIC ligands have
the potential to penetrate the protein surface into hydrophobic pockets.

The most serious limitation to the precipitation model proposed by Melander
and Horvath (1977) is that it could not account for the observation that neutral salts
such as MgCl, and CaCl, increase the surface tension of the aqueous phase but are not

very effective as precipitation salts.

1.2.3 Preferential Interactions

The most recent theory developed to describe the solubility protein in neutral
salts is the concept of preferential interactions (Arakawa and Timasheff 1985). When
a protein is in an aqueous salt solution, the salt ions may preferentially associate with
the protein or it may be preferentially hydrated. The degree of preferential
hydration/salt association may be determined experimentally by densimetric techniques
and can be expressed as grams solvent/gram salt preferentially found in a dialysis bag
per gram of protein compared to the dialysing solution.

Under low salt conditions, using a salting-out salt, preferentially hydration of

the protein is the dominant situation even though it is energetically unfavourable,
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(protein-protein interaction (precipitation) or ligand-protein interaction (HIC) are even
less energetically favourable). Increasing the salt concentration eventually tips the
equilibrium balance in favour of protein-protein or ligand-protein interaction as
preferential hydration becomes the energetically least favourable situation.

Salting in salts such as MgCl, and CaCl, do not preferentially hydrate but are
preferentially associated with the protein and as such have been shown to be
inappropriate for both protein precipitation and HIC, Arakawa (1986). Salts such as
these can be used to remove proteins which are bound to HIC columns and which can
not be removed by low salt washes as protein salt interaction is energetically more
favourable than protein ligand interaction.

1.2.4 Conclusions

The concept of preferential interaction is useful in explaining the phenomena
observed in precipitation and HIC. Unfortunately it is impossible to apply the theories
to multi-component system and to develop a predictive approach to fractional
precipitation from a cell homogenate for example, as the number of possible protein-
protein or protein-ligand interactions are too great. Therefore empirical techniques of
monitoring and studying fractional precipitation have been developed. The next

section reviews these empirical approaches.

1.3 Empirical modelling of protein solubility curves

In order to increase the purity of the target protein it is possible to add neutral
salt to the solution to a degree that precipitates contaminating proteins but not the
target protein. These contaminants can then be removed before precipitating the target
protein by addition of further neutral salt. This process is known as fractional
precipitation but to undertake a successful fractionation process requires an

understanding of how protein solubility changes with respect to salt addition. There
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now follows a review of some of the empirical techniques used to describe protein

solubility profiles, and aid in the design of a two cut fractional precipitation process.

1.3.1 Cohn Plot

The first, and one of the most influential models for the solubility of proteins in
neutral salts was proposed by Cohn (1925). By plotting the log of the protein
solubility against the salt concentration Cohn defined the following empirical

relationship:

log,S=B-K I eq 1.1

Where: S = Solubility of the protein (U/mL)
8 = Intercept constant (dimensionless)
Ks = Salting out constant (L/mol)
I = Ionic strength of the salting out salt (mol/L)

The Cohn plot is illustrated below in figure 1.2.

Figure 1.2 Log& Solubility plot developed by Cohn (1925)

log, S | .

I (mol/L)
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The plot developed by Cohn was entirely empirical, however it is an extremely
useful relationship. The value of the constant 3 defines the solubility of the protein and
can be shown to be dependent on the pH and the temperature of the system, with a
minimum value of B for a given protein at the isoelectric point of the protein. The
value of the constant Ky is dependent on the properties of the neutral salt and as such is
dependent on the position of the salt in the lyotropic series. As was mentioned in the
previous section addition of neutral salts to a protein solution results initially in an
increase in the protein solubility the phenomena known as 'salting-in', the Cohn plot
however only accurately describes the salting out portion of the protein solubility
profile.  This is a major limitation of the relationship, furthermore the equation
inadequately describes the transition region where the protein starts to come out of

solution.

1.3.2 Derived solubility plot
In a theoretical paper Dixon and Webb (1961) developed a method to maximise
the fractionation of a single protein from a binary mixture of proteins. In this technique
the derivative of the protein solubility curve is plotted starting at the saturation defined
by the Cohn curve when the protein solubility starts to reduce (initial salting-out point)
and finishing at the point where all the protein is precipitated as illustrated in figure 1.3.
Figure 1.3 Dixon and Webb (1961) Derived solubility Plot

-(dS/d)
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The ionic strength at which the protein starts to precipitate defines I and the
amount of protein present in a two cut fractional precipitation can be determined from
the area under the curve by integration using the limits I; and I, the ionic strengths of
first and second cuts respectively. The width of the derivative curve is dependent of
the value of the constant K, as this constant defines the gradient of the Cohn curve,
the value of I is dependent of the value of the constant [3.

By plotting the derivative curves for both components in a binary mixture of
proteins it is possible to quantify the contamination of one protein with another that
will be observed in a two cut fractional precipitation. Figure 1.4 illustrates this point.

Figure 1.4 Derived solubility plot for two protein component mixture

~(dS/d1)

If the protein described by the right hand derived solubility curve is the target
protein then the shaded area represents the contamination by the other protein present
in a two cut fractional precipitation between I; and I,. Dixon and Webb postulated
that by manipulation of the process conditions such as pH, temperature and
concentration it is possible to differentially alter the solubilities of the two proteins.
Providing the effect of the process conditions on the values of the constants (3 for both
the proteins is quantified then it is possible to determine the conditions which minimise
contamination of the target protein by the other protein. = Separation of the two
proteins is maximised when the difference between the values of their constants 3 is

greatest. However this technique is only applicable to binary mixtures of proteins and
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makes no allowances for protein-protein interactions and therefore it can not be applied
to the fractionation of a target protein from a cellular homogenate and alternative

forms of description must be sought.

1.3.3 Fractionation diagram

Fractional protein precipitation processes have an anecdotal reputation of being
difficult to control within the process industry. This is because fluctuations in process
temperature or process pH can result in very poor process yields of the target protein.
In an attempt to provide a rigorous method to operate fractional precipitation
processes Richardson (1987) developed the concept of the fractionation diagram. A
fractionation diagram has been represented in figure 1.5, the fraction of total protein
soluble is plotted on the horizontal axis and the fraction of target protein soluble is

plotted on the vertical axis.

Figure 1.5 Fractionation diagram

I /? Ao

0% +0 15
Fraction of target
Protein in solution A 4 lo-so
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Initially the system will start at point A where all the total protein and target
protein is in solution, as precipitant is added some of the protein will come out of
solution until at point B the target protein starts to come out of solution, addition of
more precipitant results in precipitation of total and target protein until at point D all
the target protein has left the liquid phase. The fractionation diagram is a powerful
tool for process design as it enables the selection of the operating conditions which
result in the highest purification for a given yield of target protein. If the composition
of the first and second fractional cuts in a two cut fractional precipitation process are
represented by points E and F on the fractionation diagram the yield of target protein is
given by Ay (the difference between points vertical axis co-ordinates of points E and F)
then the purification factor for the two cut process will be given by the gradient of the
tie line joining points E and F.  For any given yield there are many fractional
compositions which will result in that yield of target protein. However there is only
one set of first and second fractional cut compositions that will give rise to the
maximum purification. Therefore from a fractional precipitation plot, using a computer
search algorithm it is possible to derive a maximum purification versus yield plot for
the target protein. Figure 1.6 illustrates the maximum purification plot.

Figure 1.6 Maximum purification versus yield plot

Maximum Purification

Factor (-)

1

0.0 é . 5 -
Yield of Target Protein (-)
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Richardson made the observation that although the ammonium sulphate
solubility profile of a protein may change under different operating conditions as
observed by Foster et al. (1976), the solubility profile of the target protein when
expressed in relation to the solubility of total protein is less sensitive to fluctuations in
the process conditions. Using different reaction conditions for example by using batch
or continuous precipitation procedures, Foster (1976) demonstrated that the terms K
and B from Cohn equation fitted to the solubility profiles of yeast alcohol
dehydrogenase and fumarase were different under different process conditions. This
observation could have very serious consequences for the operation of a fractional
precipitation process run at the process scale using laboratory scale data and may
account of the reticence to use precipitation processes at the plant scale. However
Richardson et al (1989) demonstrated, using Foster's data, that the fractionation of the
two enzymes from each other always followed the same fractionation curve and was

independent of reactor type.
1.3.4 Sigmoidal Solubility Profiles

In a paper written on the monitoring and control of fractional precipitation
processes Niktari et al. (1990) fitted a sigmoidal function (equation 1.2) to the
solubility profiles of enzymes precipitated from yeast homogenates. This equation
describes a sigmoidal curve and in order to fit the data it has to be normalised, that is

expressed as a fraction of the maximum observed activity of the protein modelled.

fix)= _1 eql.2
(1+(x/a)")
Where: f{x) = Fraction of protein soluble (dimensionless).

a = Constant (dimensionless).
X = % Saturation ammonium sulphate (dimensionless).
n = Constant (dimensionless).

20



Figure 1.7 illustrates how equation 1.2 fits to hypothetical protein solubility
data. The constant 'a' is equal to the ammonium sulphate saturation at which half of the
protein under investigation has precipitated and as such is an indication of the protein
solubility, i.e. the higher the value of the constant 'a’ the higher the solubility of the
protein. The constant 'n' equals the gradient of the fitted curve at the point x=a, this
constant is an indication of how rapidly the solubility of the protein changes when it

starts to salt-out.

Figure 1.7 Protein solubility data fitted with equation 1.2

f(x)

% Saturation (-)

This expression is an improvement over those detailed previously in this
section, as it describes the solubility of the protein in the transition region where the
protein starts to precipitate and not just in the salting out region. Furthermore by
fitting the function to the solubility profiles of proteins produced under different
operating conditions it should be possible by comparison of the fitting constants to
quantify how protein solubility changes with respect to those operating conditions.

There now follows descriptions of the unit operations used in this study the
performance of which will have a direct impact on the behaviour of a fractional

precipitation process.
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1.4 Unit Operations

There are several operations involved in the production and purification of an
intracellular protein, form fermentation to final product 'polishing'. In order to reduce
the size of the study to a manageable level, only precipitation and clarification
conditions were varied to any degree and the impact of this variation assessed on
precipitation performance. This section aims to review all the unit operations which
could possibly impact on fractional precipitation behaviour even though most of these

operations were operated at fixed conditions throughout this study.

1.4.1 Fermentation

Fermentation conditions influence both the overall product titre and the early
protein recovery stages in a number of ways. In a review paper Fish & Lilly (1984)
identified some of the key fermentation conditions which affect product yield and
recovery. Host cell type, age, harvest time and media type have all been shown to
influence the product titre and disruption properties of the cell. Work by Sauer et al.,
(1989) has shown that genetically engineered E.coli more easier to disrupt than are the
native organisms and that cell age also effects the cell's disruption characteristics in a
homogeniser. Harvest time will have an effect on cell mechanical strength and
products such as gramicidins synthesis in Bacillus brevis are very sensitive to harvest
time. The product titre may be at a maximum for only one hour during a given batch.
Cells grown on defined media are known to undergo lysis more easily than those
grown on complex media (Gray et al. 1972 & Sauer et al. 1989). The reasons for this
are not fully understood but may be related to the availability of mechanically stronger

constituents of the cell wall in complex media.
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To overcome variability problems with the starting materials the work in this
thesis initially focused on the purification of an intracellular protein form baker's yeast

as the yeast could be obtained with consistent processing properties.
1.4.2 Homogenisation

Cell disruption conditions will determine the quantity of sub micron cell debris
material known as fines present when cells are broken open to release their contents. If
the cell disruption conditions using high pressure and many passes then large quantities
of fines will be produced that will have to be removed prior to any chromatographic
procedure to prevent column fouling (Siddiqi et al 1991). When developing a protocol
for the recovery of an intracellular protein from a microbial source the ideal cell
disruption process would ensure release of intracellular components and minimise the
production of fines. In order develop an understanding of cell disruption in
homogenisers workers have generated empirical models that describe protein release.

Early work to model the disruption kinetics of Saccharomyces cerevisiae in an
industrial homogeniser was carried out by Hetherington et al., (1971). Using an APV

homogeniser they derived the following empirical relationship:

Log, o(R/(Ry,-R))=KNP2-9 eq 1.3

Where: R, = Maximum releasable protein. (kg.kg1)
R = Measured released protein. (kg.kg!)
K = Rate constant. (bar?°)
N = Number of passes through homogeniser (dimensionless).
P = operating pressure of homogeniser (bar(g))

In another paper Follows et al. (1971) also investigated the release of
intracellular enzyme from yeast and correlated the maximum rate of enzyme release
with their intracellular location. Neither of these workers proposed any mechanism for

cell disruption in the homogeniser as they lacked specific fluid dynamic data related to
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the movement of fluid through the disruption valve. They also could not account for
the fact that when the homogeniser was run without an impact ring its performance
was greatly reduced. The Hetherington empirical model is limited to operation within
a range of biomass concentrations and pressures, namely yeast slurries less than 750
gLl and pressures greater than 290 bar(g). The biomass limitation is due to the
rheological behaviour of yeast slurries, that is their highly psuedoplastic behaviour at

high concentrations.

A disruption theory proposed by Engler and Robinson 1981 defined the
mechanism for cell in an industrial homogeniser as impingement, not as alternative
theories suggest: decompression as proposed by Brookman (1974), or the effect of
turbulent eddies as proposed by Doulah (1975). Using a narrow gem orifice Engler
and Robinson generated very fine jets of yeast suspensions that were made to impact
an impingement plate. Adapting the Bernoulli equation, to account for all the possible
energy losses of the jet, they argued that most of the energy of the jet was discharged
on impingement. They also derived a first order rate equation for the disruption of
yeast based on impingement. This equation was similar to eq 1.3 except that values of
the pressure exponent were 1.17, and 1.77 for Candida utilis grown under batch and
continuous conditions respectively, highlighting that the value of this exponent was not
only species specific but also dependent on the growth conditions.

Cells which were grown under batch conditions have a mean age greater than
those from the chemostat, the maturation of these cells appears to increases their
mechanical strength. This observation was supported by work done disrupting E.coli

by Sauer et al. (1989), who derived an equation of the form:

Logo[1/(1 - R)] = KNPP? eq 1.4

24



Using linear regression and Log plots, values for the exponents a & b were
determined. They noticed that wild type strains of E.coli were harder to disrupt than
recombinant strains. Biomass levels and growth conditions also influenced the
exponent's values. This work however was done using a homogeniser with a different
mixing chamber to the APV model.

The impingement theory of cell disruption gained further support from work
done by Keshavarz et al. (1990). They investigated the effect of using various valve
seat geometries on the disruption of bakers yeast in large scale homogenisers. The rate
of disruption could be increased by reducing the impact distance and the valve gap,
both of which effect the impingement velocity. They also related cell disruption to a
modified form of the Bernoulli equation in a similar way to the Engler and Robinson
study.

Some workers have focused on the key issue of ensuring cell disruption under
conditions which promote efficient protein release without compromising the
subsequent separation of debris from the product. Kloosterman et al.(1988)
investigated the disruption of yeast and the effect of disruption conditions on the
filtration behaviour of the homogenate using a bead mill homogeniser. Protein release
was measured for various residence times and bead speeds. A particle size distribution
was determined for the homogenate, as was the blockage resistance, based on D'arcy's
law of filtration for each homogenate. From this they determined that the optimal
blockage resistance was a function of residence time in the bead mill.

By passing Bakers yeast through an APV homogeniser Su et al., (1987)
measured the particle size disruption and filtration behaviour as a function of the
number of passes. The paper is short on detail however and has some omissions:

i) There was no statistical data provided in the paper about the particle size distribution

and values for the standard distribution of particles sizes were not provided.
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ii) Analysis of the homogenate was carried out using a Coulter counter so only
particles sizes down to 1.0 m were estimated.
iii) No pH data of the homogenate was provided even though the authors claimed to
have altered the homogenate filtration behaviour by changing the pH.

~ In this study presented in this thesis cell disruption was carried out in an APV
homogeniser and disruption conditions were fixed to ensure that the starting material

for precipitation was as consistent as possible for each experiment.

1.4.3 Centrifugation

The models used to describe centrifugation are based on the sedimentation
velocity for the particles present which are derived from Stoke's law. When a particle
is exposed to a centrifugal field its settling velocity can be determined from the

following:

v,= &(p,-po’r

18n eq. 1.5

Where: v, = Settling velocity (ms™).
d = Diameter of particles (m).
p, = Density of particles (kg.m?3).
p; = Density of liquid phase (kg.m3).
o = Angular velocity (s ).
1 = Distance of particle from axis of rotation (m).
n = Liquid phase viscosity (N.s.m?).

It can be seen from eq 1.5 that the settling velocity is proportional to the square
of the particle diameter. Debris recovery is enhanced if the size of the solid phase is
large. In a process where homogenisation is used for cell disruption protein release is
enhanced by increasing the higher number of passes through the homogeniser, but
separation of cell debris may be subsequently impaired with successive passes through

the homogeniser. Therefore careful thought has to be given at the design stage, in

26



order to determine the homogenisation conditions which maximise the protein release
and cell debris recovery as was discussed by Siddiqi et al.(1991).

Separation efficiencies will also depend upon the de-watering ability of the
centrifuge. Small bench top centrifuges will be able to generate higher sedimentation
velocities than plant sized equipment. The losses of product due to entrapment of the
liquid phase within the sedimented cell debris may be quite significant. Hence this
factor would have to be considered when attempting to extrapolate mass balance data
from small scale work, to describe large scale separation. A further difference between
bench scale and pilot plant centrifuges is the velocity gradient which protein are
subjected to when accelerated in the larger machines and the possible damage caused
to the protein by high stress rates in the presence of any gas liquid interface.

Industrial scale centrifugal performance was mimicked on the laboratory scale
using the Sigma concept developed by Ambler (1952). That is Sigma, the equivalent
area in a sedimentation tank, and Q is the volumetric throughput in m3s-l, Q/T is

therefore an indicator of the degree of centrifugation.

The equivalent Q/Z (ms-!) for a laboratory centrifuge can be predicted using a
model

derived by Trowbridge (1962), it the defines Q/Z so:
Q = 46log,J2r, }
—

p> Ry
o4t

eq 1.6

Where: Q = Volumetric throughput (m3 s1).
Z = Sigma function, equivalent area in gravitational settling tank (m?).
r; = Inner radius of fluid from axis of rotation (m).
1, = Outer radius of fluid from axis of rotation (m).
o = Angular velocity of the centrifuge (s!) .
t = Centrifugation time (s).
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The Sigma concept could ideally be used to relate the clarification obtained by
lab scale equipment to that obtained using pilot scale machines. However in large scale
equipment solid particles undergo very rapid acceleration, and a high degree of shear
rates, for example when they enter the feed zone of a disc stack centrifuge. This degree
of shearing will alter the size distribution of the solids present, producing a larger
population of finer particles, making the material harder to sediment. Therefore large
scale machines are likely to produce material with different sedimentation
characteristics to that clarified in a lab centrifuge. It is possible to determine an
empirical factor by which the Q/Z for a bench top machine must be decreased to
describe the equivalent degree of clarification achieved in an industrial centrifuge.
Using this approach might produce relationships between scale of centrifuge which
were system specific, it is however beyond the scope of this project to develop a model
based on more fundamental principals.

The limiting Q/S for process scale disc stack is around 5 x 1079 ms-!
(Mosqueria et al. 1981), which will not remove the finer particles from a yeast
homogenate. Failure to removal cell debris prior to high resolution chromatographic
separation could significantly alter the process performance as well as reduce the
operational life of the chromatographic matrix. One solution to this problem would be
to use high 'g' tubular bowl centrifuges for clarification of homogenate, or alternatively
use a flocculating agent to help debris removal.

In this thesis sigma theory was used to compare the centrifugal conditions used

at the pilot and laboratory scale.

28



1.5 Aims of thesis

i) This thesis will attempt to develop a process engineering framework for the design of
ammonium sulphate fractional precipitation procedures. The laboratory scale
precipitation of alcohol dehydrogenase from Sacharomyces cerevisiae (baker's yeast)
will be used as a test system to illustrate the effect of: operation pH, cell debris and
homogenate dry weight on protein solubility isotherms. The baker's yeast system was
chosen since it was a source of cellular material which could be obtained with batch to
batch consistency. Cellular disruption conditions were fixed throughout the work to
further ensure that process constancy. Cell debris loading into the precipitation step
was varied by adjusting the clarification conditions to mimic those obtained in a pilot-

scale centrifuge.

i) An attempt will be made to use the laboratory scale results in the design of a pilot
scale two cut fractional precipitation process and identify where deviations between the

two different process scales occur.

iii) The process design framework will be applied to the purification of an intracellular

E.coli protein to establish the generic nature of the approach.
iv) The ability to use ammonium sulphate fractional precipitation as a method for

purifying crude homogenate prior to high resolution separation by hydrophobic

interaction chromatography will be discussed.
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2.0 Materials and Methods
This chapter describes the experimental techniques used in the study of

yeast ADH purification and those used in the industrial study, the purification of
an E.coli protein: Protein X. It is subdivided into the following sections:

2.1 Assays (yeast and E.coli studies).

2.2 Quantification of yeast ADH stability.

2.3 Statistical methods employed in the analysis of precipitation data.

2.4 Equipment and operations used in the laboratory and pilot scale

purification of yeast ADH.

2.5 Equipment and operations used in the laboratory and pilot scale

purification of E.coli Protein X.

2.1 Assays
All precipitation samples were stored overnight at -18 or -40 ©C prior to
assaying. Samples eluted during the chromatograpic purification of ADH and

those in the ADH stability experiments were assayed in quadruplicate immediately.

2.1.1 Protein Assay

Protein content of samples was estimated by addition of Bradford reagent in
the modified Lowry (1951) method. Samples were diluted prior to assaying to
ensure the protein concentration was between 200-1000 pg/ml so that the
colormetric readings were within the linear optical density range for the assay.
Quadruplicate protein assays were carried out in microtitre plates using four 10uL
samples with 250 uL of Bradford reagent (Bio-Rad Ltd.). The absorbance was
read at 595 nm after 5 minutes using a Minireader II (series 2) plate reader
(Dynatech Laboratories Inc. Billinghurst, Sussex). The protein concentration was
estimated by comparing sample absorbance with a standard curve prepared from:

duplicate 10uL samples of Bovine serum albumin fraction V (BDH, Poole, Dorset)
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at 0, 100, 200, 400, 800 & 1000 pg/mL protein with 250 pL of Bradford reagent

added. The assay was estimated to be reproducible to within +10%.

2.1.2 Alcohol Dehydrogenase Assay

Alcohol dehydrogenase [E.C.1.1.1.1] (ADH) -catalyses the conversion of
ethanol to acetaldehyde simultaneously reducing the co-factor NAD to NADH. The
assay is therefore based on the rate of increase in absorbance at 340 nm which
occurs when NAD is reduced, and was measured in a spectrophotometer in the
presence of semicarbazide to prevent the back reaction (Bergmeyer et al. 1983).
The reaction mixture used consisted of : 600 mM ethanol (Analar, BDH), 1.8 mM
NAD (grade III, Sigma), 1.0 mM glutathione (Sigma), 0.62 mM semicarbazide HC1
(Analar, BDH), in 50 mM Tris-HCI buffer pH 8.8 (Analar, BDH). From the rate of
change in optical density at 340 nm the enzyme activity was determined by using

the following formula:
Activity in Enzymic Units = (AOD;,y/At).(1/E).(V/v).(D) eq2.1

Where: Enzymic Units = uMoles (substrate converted).min-!.mlL-!
E = Extinction Coefficient(E-4, for NADH = 6.22 x 106 (OD units/MoleL1)
V = Total volume in cuvette (mL).
v = Volume of sample in cuvette (mL).
AOD;,¢/At = Rate of change in optical density at 340 nm (OD units/min).
D = Dilution factor (-).

The samples were diluted to ensure the rate of change in optical density was
linear with respect to time over the course of the assay, Lewis (1990) estimated

that the assay was reproducible to within + 5%.

2.1.3 Glucose 6-phosphate Dehydrogenase Assay

Glucose 6-phosphate dehydrogenase [E.C. 1.1.1.49] (G6PDH) is the first
enzyme on the pentose phosphate pathway, and requires the presence of the co-
factor NADP which is reduced in the reaction. Quantification of G6PDH activity

was achieved by measuring the increase in absorbance at 340 nm, caused by the
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reduction of NADP to NADPH (Bergmeyer et al. 1983). The reaction mixture
consisted of: 3 mM glucose 6-phosphate (Analar, BDH), 0.4 mM NADP (Analar
BDH), 7 mM magnesium chloride (Analar, BDH), 50 mM Tris-HCl buffer (Analar,
BDH) pH 7.5. The rate of change in optical density at 340 nm was converted to
enzyme activity by application of formula 2.1, and the extinction coefficient for
NADPH = 6.22 x 10° OD units for a Molar solution (Bergmeyer 1983).

Reproducibility for the assay was as for the ADH.

2.1.4 Protein X

The activity of the recombinant E.coli protein (which can not be identified
for reasons of commercial confidentiality) was determined by Tritium
incorporation. Please note this Protein X bears no relation to the other protein of
the same name. A tritium labelled substrate was bound irreversibly to the protein.
The protein-tritium labelled substrate complex then was precipitated by the addition
of 14% trichloric acetic acid and the precipitate was collected by filtration, washed
to remove unbound tritium labelled substrate and then dried prior to suspension in
scintillation fluid. Quantification of protein X activity was achieved using a LKB
scintillation counter (LKB Biotechnology, Uppsala, Sweden), values are quoted in
Disintegrations per minute per millilitre of sample (DPM/mL). The reproducibility
of the assay was estimated to * 10% all critical samples were assayed at least in

quadruplicate.

2.1.5 Dry weight determination

Samples of slurry material, for example the solids left post centrifugation,
were placed on pre-weighed aluminium boats, weighed, dried overnight at 1000C
and then weighed again to determine water content. For liquid samples a known
volume of liquid was placed on a weigh boat which was placed in the 1000 C until
no further weight loss was observed. This technique was found to be repeatable to

within +5%.
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2.1.6 SDS PAGE

Gel electrophoresis was used to check the purification of yeast ADH and
the E.coli protein at the pilot scale. Non reducing and reducing conditions were
used for the yeast ADH and reducing conditions only for the E. coli protein. The
gels were run and developed using a Phast gel system (Pharmacia LKB
Biotechnology AB, Uppsala, Sweden). High and low molecular weight markers

were run simultaneously with the gels.
2.2 Quantification of yeast ADH stability.

The stability of yeast ADH was measured using the following procedure:
Yeast homogenate was produced as described in section 2.4.1. Hydrochloric acid
(1IM) or sodium hydroxide (1M) was used to adjust the pH of three 265 mL
fractions to 5.0, 6.5 and 8.0. Another sample of the same homogenate without
alkalii or acid addition at pH 5.8 was clarified at the same time as the fractions at
pH 5.0, 6.5 and 8.0 by centrifugation for 55 minutes at 11 000 rpm in a Beckmann
JSA12 centrifuge, fitted with a 6 x 300 mL rotor (Q/Z = 1.7 x 10-10 ms-1) at 4 OC.
Dry weight and ADH activity of the homogenate before and after centrifugation
were measured (section 2.1). Th pH of the clarified homogenate samples was
adjusted if nesecaary with 1M NaOH/HCI and then they were maintained at 4, 25
and 379C and the ADH activity measured over a period of six hours.

In a second experiment ADH activity was measure in clarified homogenate,
produced as described above, at pH 5.8, 259C over 4 hours.

A third study was conducted to quantify the stability of yeast ADH which
had been precipitated by solid or liquid ammonium sulphate addition. In this
experiment liquid or solid ammonium sulphate was added to clarified homogenate
at pH 5.8 to a final saturation of 40% (all saturations quote in this work are based
on a saturated solution of ammonium sulphate at 5°C = 3.97 M (Dawson, 1989)).

The suspension was clarified by centrifugation at 11 000 rpm, for 55 minutes, in a
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Beckmann JSA12 laboratory centrifuge (Q/Z = 1.7 x 10-10 ms-1), and the ADH
activity of the supernatant (first cut), which was kept at 259C, was measured at
regular intervals over four hours. Liquid and solid ammonium sulphate was added
to samples of this supemnatant to increase the saturation to 60%. Precipitated
material from the 60% saturation samples was sedimented by centrifugation under
the same conditions that were used for the first cut clarification and the precipitate
resuspended to an approximate saturation of 40% to simulate the conditions used
for the recovery of yeast ADH from a two cut fractional precipitation. The ADH
activity of this resuspended material was monitored for three hours at 25 © C. All
assays were carried out within five minutes of sample withdrawal, in quadruplicate.

Values were estimated to reproducible within + 5 %.

2.3 Statistical methods employed in the analysis of precipitation data.

2.3.1 %2 Analysis

The mathematical function derived by Niktari et al. (1990) was fitted to the
solubility profiles of yeast ADH and total protein, and a sigmoidal function
developed in this work was fitted to the fractionation data. The statistical
significance of these approaches was estimated using %2 analysis. Values of the %2
statistic were determined for each fit (Clarke and Cooke, 1982). By defining the
degree of freedom of the system as N -1 (where N = number of data points) it was
possible to use the probability distribution of y? to determine the significance of the
fitted functions (Clarke and Cooke, 1982). Significance values quoted in this work
therefore represent the probability that the fit is not the result of random chance.

Only fits with a significance greater than 95% were accepted.
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2.4 Equipment and operations used in the laboratory and pilot scale
purification of yeast ADH.

The operations used in this study are described sequentially first for the

yeast ADH process at the laboratory and then the pilot scale.

2.4.1 ADH Purification: Laboratory scale

At the laboratory scale ADH purification was achieved by a combination of
ammonium sulphate fractional precipitation and Hydrophobic interaction
chromatography. Protein precipitation was studied over a pH range of 5.0 - 8.0 to
establish the pH at which the maximum differential separation of ADH from total
protein occurred. Yeast cells were disrupted by homogenisation and precipitation
was achieved by the addition of saturated liquid ammonium sulphate (Analar grade

or better BDH, Poole Dorset) to yeast homogenate.

2.4.1.1 Cell Disruption

The primary stage in the recovery of any intracellular protein is cell
disruption. In this experimental study cell disruption was achieved using a high
pressure homogeniser, since this technique can easily be scaled up.

Baker's yeast was obtained in 12 Kg boxes from Distillers Co. Ltd.
(Crawley, Sussex) and were stored at 50 C until required, for both laboratory and
pilot-scale work. The yeast was suspended in 0.1 M buffer made with Analar grade
chemicals (BDH Poole Dorset). Sodium acetate buffer was used for the pH range
5.0 to 5.5, deionised water (no buffer) was used for pH 5.8 and potassium
phosphate buffer for pH 6.0 to 7.0 and Tris-HCI for 7.5 to 8.0. Yeast suspensions
were made up at 450 g (packed weight)/L, typically by suspending 1350 g of yeast
in 3 litres of buffer or water. Cell disruption was achieved by passing the
suspension through a Manton Gaulin High Pressure Homogeniser (Model 30 CD
APV, Crawley, Sussex, UK), five times at 500 Bar(g). The pH of the homogenate
was checked after disruption, since cell wall breakage releases proteins and nucleic

acids all of which have a buffering capacity and tend to result in the pH shifting
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toward 5.8. The pH was adjusted if necessary, back to the starting pH, before

clarification.

2.4.1.2 Homogenate Clarification

Homogenate was clarified by centrifugation at 11 000 rpm for 1 hour at
59C using an MSE Europa 24 centrifuge (Fisons Ltd, Loughborough, UK), fitted
with a 6 x 300 mL rotor. (Centrifugation for any longer than one hour at this speed
did not result in any better clarification as determined by dry weight analysis).
These clarification conditions correspond to a Q/T value 1.69 x 10-1° ms-l,

calculated using equation 2.2 (Trowbridge 1962):

Q= 46 10810[ 21, ] equation 2.2

Z
3 L+,

(02t)

Where: Q = Volumetric throughput (m3 s-1).
Y = Sigma function (m2).
1, = Inner radius of fluid from axis of rotation (m)
1, = Outer radius of fluid from axis of rotation (m).
® = Angular velocity of the centrifuge (s°1) .
t = Centrifugation time (including acceleration, but not deceleration) (s).

After clarification the supernatant was decanted from the solids and the lipid

layer skimmed off.

2.4.1.3 Determination of solubility properties

Precipitation studies were carried out in a 1 L stainless steel jacketed
stirred tank reactor. The internal diameter of the reactor was 105 mm with four
equally space baffles each with a width of 10 mm. Stirring was achieved with a
Rushton turbine impeller (35 mm diameter), rotated at a speed of 200 rpm,
producing a mean shear rate of 37 s~ (Holland 1973), with a tip speed of 0.367

ms-L. Cold glycol was applied to the jacket with the cooling rate being controlled
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manually to maintain a constant temperature of 5 ©C as measured by a platinum
resistance probe, coupled to a calibrated multimeter.

In all small scale experiments 400 mL of clarified homogenate was placed in
the reactor and a known volume of saturated liquid ammonium sulphate added
using a 50 mL plastic syringe with a 4 cm piece of Teflon tubing on the end.
Saturated ammonium sulphate was made by dissolving 520g of ammonium sulphate
(Analar grade or higher, BDH, Poole Dorset) in 0.1M phosphate/acetate/Tris
buffer/deionised water, depending on the pH of the homogenate (see section
2.3.1.1), to a final volume of one litre. The pH of the saturated solution was
adjusted with 1M sodium hydroxide or 1M hydrochloric acid to match that of the
homogenate and the solution stored at 5°C until required. In the experiments
where a buffer was not used the ammonium sulphate was made up in deionised
water and the pH adjusted with SM hydrochloric acid to that of the homogenate.
The higher concentration was used to keep the change in volume of the ammonium
sulhate to a minimum.

The volume of ammonium sulphate added to the homogenate to achieve the

desired saturation for precipitation was defined by equation 2.3 (Dawson, 1989):

Where: V, = Volume of saturated ammonium sulphate to add (mL).
V, = Initial volume (mL)
Sat; = Final Saturation of solution (%)
Sat, =Initial Saturation of solution (%)

Precipitation samples were withdrawn from the centre of the reactor using a
50mL syringe with a 4 cm piece of Teflon tubing on the end. Two minutes after the
addition of the ammonium sulphate and samples were taken at 0, 20, 30, 35, 40, 45,
50, 55, 60 & 65 % saturation such that after withdrawl the volume in the tank was
returned to 400 mL. A representitive 25 mL fraction of each of these samples was

clarified by centrifugation at 14 000 rpm for 45 minutes at 5 © C in a MSE Europa
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24 centrifuge (Fisons Ltd), using a 24 x 14 mL rotor (Q/Z=5.1 x 10-1° ms-1), prior
to assaying the supernatant phase for ADH, G6PDH and Protein (see section 2.1).
In an earlier study Foster (1972) had demonstrated that to prevent over-
precipitation liquid ammonium sulphate and homogenate should be left to
equilibrate for at least 4 minutes prior to assaying. To check the sampling
procedure used in this work samples at 45% saturation were withdrawn from the
reactor two minutes after addition of ammonium sulphate and the other 30 minutes
later. The ADH activity of the sample's supernatants were measured after
clarification and were found to be within 2 % of each other. In all subsequent
experiments the samples were allowed to equilibrate for two minutes prior to
sample withdrawal. This observation is not at variance with the work of Foster
(1972) since the by the time solution had been clarified and assayed the solid and

liquid phases had at least 1 hour in which to reach equilibrium.

2.4.1.4 Hydrophobic Interaction Chromatography
Material for HIC purification was prepared using a two cut fractional

precipitation with ammonium sulphate. The method used is outlined below:

200 mL Homogenate (pH 5.8)
+

145 mL of sat liquid ammonium sulphate
2
Equilibrate by stirring at 250 rpm for 30 minutes
{

Clarify for 55 minutes at 11 000 rpm (Q/Z = 1.7 x 10-10 ms-1)

2
322 mL supematant (first cut)
+

37.6 g solid ammonium sulphate
Equilibrate by stirring at 250 rpm for 30 minutes

Clarify for 55 minutes at 11 000 rpm (Q/Z = 1.7 x 1010 ms-1)

\
Resuspend solid phase (2nd cut) material
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A 200 mL sample of homogenate (pH 5.8) was placed in a batch reactor
(described in 2.4.1.3) and 145 mL of solid ammonium sulphate added to produce a
solution with a 42 % saturation of ammonium sulphate. The mixture was left to
equilibrate for 30 minutes in the batch reactor stirred at 200 rpm (mean shear rate =
37 s71), before clarification in a Beckmann JSA12 centrifuge fitted with a 6 x 300
mL rotor, by centrifugation at 11 000 rpm for 55 minutes (Q/Z = 1.7 x 10-10),
ADH activities and protein concentrations of the supernatant and the resuspended
solid phases were measured. A 322 mL sample of the first cut supernatant was
placed in the batch reactor and 37.6 g of solid ammonium sulphate was added to
produce a solution with a 62% saturation of ammonium sulphate. The mixture was
allowed to equilibrate in the reactor for thirty minutes and was then clarified under
the same conditions as those used for the first cut clarification. ADH activities and
protein concentrations in all the supematant and resuspended solid phases were
measured (section 2.1). Solid phase material from the second fractional cut was
resuspended by the addition of 500 mL of 1.6 M ammonium sulphate achieved by
gentle stirring with a magnetic stirrer bar. The resuspended material was turbid as
it contained a small amount of particulate material. To prevent fouling of the HIC
column this material was removed by centrifugation in an Eppindorff centrifuge
(model 850L Germany) for 10 minutes at 12 000 rpm, (Q/Z = 1.76 x 10-% ms~1).

The separation of ADH was achieved using a XK 25 column (Pharmacia
LKB Biotechnology AB, Uppsala, Sweden), packed with 106 mL of Butyl Toya
650S (Toso Haas, Bioseparation Specialists, Cambridge). All operations packing;
equilibration, loading and elution were carried out using a Waters 650E liquid
handling system (Waters Millipore (UK) Ltd, Watford). The column was packed
at a linear flow rate of 147 cmv/h (12.0 mL/min) using 1.6 M (approximately 40 %
saturation) ammonium sulphate, 20 mM Tris-HCL, pH 7.5 buffer, and pre-
equilibrated with the same buffer at a linear flow rate of 67.8cm/h (5.5 mL/min). A

11 mL sample of resuspended second cut to a final saturation ammonium sulphate
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concentration of 1.6M, (7.03 mg/mL total protein, 147.9 U/ml. ADH) was loaded
onto the column at a linear flow rate of 73.7 cm/h (6.0 mL/min). The loaded
column was washed with two column volumes of 1.6 M ammonium sulphate, 20
mM Tris-HCl, pH 7.5 buffer to remove any unbound material. The ammonium
sulphate concentration in the elution buffer was then reduced to 0 M over 10
column volumes using a linear ammonium sulphate gradient. Eluted fractions were
collected using a LKB 16 fraction collector (Pharmacia LKB Biotechnology AB,
Uppsala, Sweden), at three minute intervals which corresponded to a 18 mL
fraction size. Each fraction was subsequently assayed for ADH and total protein

(section 2.1).
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2.4.2 ADH Purification Pilot Scale

A flow sheet describing the process used for the pilot scale recovery of

yeast ADH is given in figure 2.1.

Figure 2.1 Process Flow Sheet for the two fractional precipitation of Yeast
ADH on the pilot (50L) scale

2 Kg Baker's Yeast + 6.4 L H,0
8 L Yeast solution @¢208 g/L (dry weight)
Homogenise (16 minutes at 500 bar(g) 5 J(;C) (Homogeniser flow rate = 2L/minute)
8 L Homogenate + [35 L HO + 11.5 Kg (NH,4),SO, (pre-dissolved)]
50 L of Homogenate @ 4i% Saturation (NH,),SO,

9 L Discharge H,0 — Recovery of Liquid Phase and debris removal
(centrifugation Q /Z = 7.5 x 10-%)
\

11 L Solids?  + 48 L Supernatant®
2
48 L Supematant + 7.5 Kg (NH,),SO,
\2

52 L @ 63% Saturation (NH,),SO,
N\

2.5 L Discharge H,0 — Recovery of solid Phase
(centrifugation Q /T = 7.5 x 109)
2 1
4.9 L Solids? + 50.1 L Supernatant®

Superscripts:

a - Solids resuspended and assayed for ADH and Total protein.

b - Supematant assayed for ADH and Total protein.

¢ - Supernatant further clarified at 6 000 g for 1 hour and solids resuspended and
total protein and ADH activity measured in both phases.

2.4.2.1 Cell Disruption

A yeast cell suspension was prepared by dissolving 2 Kg of packed yeast in
6.4L of deionised water to a final volume of 8 L. The suspension was disrupted
by recycling through a Manton Gaulin High Pressure Homogeniser (Model 30 CD

APV, Crawley Sussex), for sixteen minutes at 5°C and 500 Bar(g), equivalent to a
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