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Abstract
The availability of material is a key constraint in the development of full-scale
bioprocesses. Using a combination of critical flow regime analysis, modelling
and experimentation, ultra scale-down (USD) methods can yield bioprocess
information using only millilitre quantities.
A USD device comprising a stirred cell with 1.70 mL capacity is presented.
This device resulted from a redesign of an existing device using
computational fluid dynamics. The distance between the edge of the rotating
disc and membrane surface is critical to reduce the presence of high shear
regions. In addition, areas identified as being of low shear, ~ 40% of the
membrane area, were blanked. The resulting design has an effective
membrane area of 2.1 cm2 with a rotating disc mounted 2.0 mm from the
membrane surface leading to an approximately uniform shear rate (+/- 17%
of average) in a defined layer above the membrane surface.
The performance of the USD device was compared with tangential flow
filtration (TFF) systems of the same ratio of feed volume to membrane area.
The pilot-scale TFF system was characterised in terms of the shear rate
using flow rate-pressure drop relationships for the cassette. It operates with
~500-fold larger feed volume and membrane area than the USD system. For
a monoclonal antibody diafiltration stage, good agreement was attained in
the performance between the two scales at equivalent average shear rates.
This resulted in a methodology to predict flux using the USD device as a
function of transmembrane pressure, concentration, flow conditions, and
volume concentration factors. These predictions are compared to measured
flux at pilot-scale.
One difference between the systems is the processed sample turbidity. This
is possibly due to high shear zones in the presence of membrane and metal
surfaces. Mechanisms are described to help define the effect on the process
material. A preliminary study of the USD methodology for the processing of
nanobodies is used to explore the wider application of the thesis findings.
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Impact statement
The lack of available material during early stage bioprocess development
poses numerous processing challenges such as limiting the number of fullscale experiments. Extended fundamental processing understanding could
be gained with the use of a scale-down device operating at the millilitre
scale.
The insights presented in this thesis help to characterise an USD membrane
technology and details its use to predict the performance of a pilot-scale
membrane system. This novel methodology can be readily applied by the
bioprocessing industry. It could have direct value to drug research and
manufacturing companies by expediting the development of processes for
novel biological products reducing material and time requirements. It could
enable informed decision-making and tailor processes to specific molecules
maximising product yield whilst maintaining product quality. The work
presented

could

also

facilitate

earlier

selection

of

best-performing

candidates, formulation stability agents, operating conditions, and types of
membrane. In addition, this technology could be incorporated during
validation stages, for example, to help identify acceptable operating spaces
and test a wider range of process parameters and product quality attributes.
Three conference proceedings and two scholarly journals currently-inprogress derived from this thesis have provided feedback on the capabilities
of the USD membrane technology to the wider biochemical engineering
community including potential users.
The outcome of this thesis leads to an opportunity to help accelerate the
development of the technology in terms of hardware and software design
and automation. This could enhance its user-friendliness and eventually help
the technology gain CE marking. Greater confidence during scale-up of
bioprocesses may be gained once the technology is fully developed, which
could ultimately contribute to the successful design of full-scale systems.
Over a longer time, quicker access to innovative therapies at a lower cost
would help improve the quality of life for patients and may ultimately
contribute to a general rise in life expectancy.
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The analysis in this thesis could benefit academia by helping prepare novel
research activities. This work could form the basis of innovative laboratory
and theoretical classes, with an emphasis on data acquisition to design fullscale operations for processing of next generation materials which are often
in short supply during early developmental stages. These could be
incorporated fairly quickly into existing undergraduate and postgraduate
courses.
To realise the impact of the developed USD technology, it would be useful to
extend to the processing of other biological products such as small
molecules, vaccines, and/or novel therapeutic proteins. This would help
promote commercial activity and strengthen collaboration between academia
and industry, which would contribute to the development of more robust
technologies. This could also be established with external membrane
suppliers, such as Pall and Sartorius, enabling the investigation of novel
membranes.
The expertise and knowledge presented in this thesis overall has had a
positive impact within academia, acting as a stepping stone for future
projects and encourage multidisciplinary collaborations with industrial
partners. It has also benefited the wider bioprocessing community, e.g. the
sponsoring company MSD, by providing a tool which may help reduce drug
development timelines.
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Nomenclature
A

Membrane area (m2 or cm2)

C

Concentration (mg/mL)

d

Diameter (mm)

D

Protein diffusion coefficient (cm2/s)

D1

Distance between the disc centre and the membrane surface (mm)

D2

Distance between the disc edge and the membrane surface (mm)

F

Fraction of high shear zones by system volume (-)

̅
G

Mean velocity gradient (s-1)

g

Gravitational acceleration (ms-2)

h

Channel height (mm)

J

Flux rate (LMH)

Ĵ

Normalised flux rate (LMH)

K

Manufacturer’s constant (-)

L

Channel length (mm)

N

Disc speed (rpm)

n

Number of runs (-)

m

Number of measurements (-)

M

Loading (L/m2 or g/m2)

OD650

Optical density at 650 nm (Au)

P

Fluid pressure (bar)

Pw

Power (W)

ΔP

Pressure differential across membrane (bar)

ΔP̅

Mean pressure differential across membrane (bar)

Q

Flow rate (mL min-1 or L m2 min-1 (LMM))

r

Radius (mm or m)

R

Resistance (m-1)
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S

Solute sieving coefficient (-)

SS

Sum-of-squares

t

Time (s, min or hrs)

u

Velocity (ms-1)

V

Volume (mL or L)

w

Channel width (mm)

y

Local shear rate

ȳ

Characteristic shear rate (s-1)

z

Representative height of fluid above membrane surface per sheet
in a TFF cassette (mm)

Greek letters
∆

Change (-)

Σ

Sum (-)

β

Adjustment factor (-)

ϵ

Membrane porosity (-)

ɛ

Energy dissipation rate (W m-3)

ϴ

Disc angle (°)

Ø

Disc diameter (mm)

δ

Thickness (mm)

σ

Osmotic rejection coefficient (-)

ρ

Fluid density (kg m-3)

µ

Fluid viscosity (Pa s)

Subscripts
av

Average
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av.i

Average of individual histogram section

ax

Axial

B

Boundary

C

Cassette hold-up

c.F

Calculated using protein (feed)

c.w

Calculated using ultra-pure water

DF

Diafiltration buffer

E

Effective

Ex

Excipient

F

Feed

F. FB

Feed Fed-Batch

Fo

Fouling

G

Mass

Gel

Gel

h

Hydraulic

i

Inner

L

Volume

Lim

Limiting

M

Membrane

m.F

Measured using protein (feed)

m.w

Measured using ultra-pure water

O

Outer

P

Permeate

Po

Pore

pr.F

Predicted using protein (feed)

R

Retentate

T

Total
22

TMP

Transmembrane pressure

TFF

Tangential flow filtration

UF

Ultrafiltration or concentration

UF/DF

Ultrafiltration/diafiltration

USD

Ultra scale-down

w

Ultra-pure water

x

Local position

xo

Cross-sectional

Abbreviations
AEX

Anion exchange chromatography

AB

Adhesive blanking

CH

Constant domain in heavy chain in humanised IgG antibody

CHH

Constant domain in heavy chain in camelid antibody

CL

Constant domain in light chain in humanised IgG antibody

CDR

Complementary determining region

CE

Conformité européene

CEX

Cation exchange chromatography

CFD

Computational fluid dynamics

CHO

Chinese hamster ovary

CMO

Contract manufacturing organisation

CPP

Critical process parameters

CQA

Critical quality attributes

dAb

Domain antibody

DNA

Deoxyribonucleic acid

DV

Diafiltration volumes

E.coli

Escherichia coli

EBA

Expanded bed adsorption
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EMA

European medical agency

Fab

Fragment antigen binding region

Fc

Fragment crystallisable region

FDA

Food drug and administration

GMP

Good manufacturing practices

HcAb

Heavy chain antibodies

HCIC

Hydrophobic charge induction chromatography

HCP

Host cell protein

HIC

Hydrophobic interaction chromatography

HMW

High molecular weight

HPTFF

High performance tangential flow filtration

Ig

Immunoglobulin

kDa

KiloDalton

LMH

Litres per metre square per hour

LMM

Litres per metre square per minute

LMW

Low molecular weight

mAb (s)

Monoclonal antibody(ies)

MACO

Maximum allowable carry over

MB

Metal disc blanking

MMC

Multi modal chromatography

MSD

Merck Sharp & Dohme Corp., a subsidiary of Merck & Co., Inc.,
Kenilworth, NJ, USA

MWCO

Molecular weight cut-off

Nb (s)

Nanobody(ies)

NB

No blanking

PAR

Proven acceptable range

PES

Polyethersulfone
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pH

Potential hydrogen

pI

Isoelectric point

proA

Protein A

QbD

Quality by design

QC

Quality control

R&D

Research and development

Re

Reynolds number

RDF

Rotating disc filter

RDFF

Rapid design and fabrication facility

RMS

Root mean square

rpm

Revolutions per minute

RVLF

Rotating vertical leaf filter

s.d.

Standard deviation

scFv

Single chain variable fragment

SEM

Standard-error-method

SOP

Standard operating procedure

SST

Shear stress transport

TFF

Tangential flow filtration

UCL

University College London

UF

Ultrafiltration or concentration

UF/DF

Ultrafiltration/diafiltration

UP-SEC

Ultra-pressure size exclusion chromatography

USD

Ultra scale-down

VH

Variable domain in heavy chain in humanised IgG antibody

VHH

Variable domain in heavy chain in camelid antibody

VL

Variable domain in light chain in humanised IgG antibody

VCF

Volume concentration factor
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Thesis structure
This thesis document will be structured as following:
Chapter 1 includes a literature search of the main processing operations
required to manufacture therapeutic proteins with a particular focus on
ultrafiltration/diafiltration (UF/DF) operations using monoclonal antibodies.
Chapter 2 describes the experimental techniques used to conduct the
experimentation work of this thesis. A detailed methodology for all the
laboratory equipment and the required materials will be included.
Chapter 3 focuses on the implementation of computational fluid dynamic
(CFD) tools to characterise and redesign the ultra scale-down (USD) device.
The main rationale in this chapter is to improve the resemblance between the
USD and the pilot-scale tangential flow filtration (TFF) membrane systems in
terms of flow uniformity across the membrane surface.
Chapter 4 characterises full-scale TFF systems and describes the transition
required in the USD system to attain comparable flow conditions using
average shear rate as a key scaling parameter. A detailed methodology is
presented showing how the USD system may be used to predict the
diafiltration performance of full-scale TFF systems.
Chapter 5 extends the USD methodology to evaluate the predictability of the
USD

system

across

a

range

of

transmembrane

pressures

and

concentrations during diafiltration, and volume concentration factors during
UF/DF operations.
Chapter 6 provides an overview of the potential predictability of the USD
system using nanobodies during diafiltration operations.
Chapter 7 discusses the main concluding remarks of this thesis, describes
possible validation procedures for the USD device and proposes possible
paths for future research projects.
Bibliography and appendices are included at the end of this thesis.
26

Chapter 1 : Literature review
The pharmaceutical industry aims to improve the quality of life by efficiently
producing ever more efficacious drugs. One of the main challenges that this
industry faces is the lengthy timelines associated with drug discovery,
development, and production. Only one in over 10,000 drugs is successful
and it takes on average about ten years to reach commercialisation and
generate global supply. The average post-approval cost per drug has been
estimated at $2.9 billion (US dollars in 2013) including all discovery, research
and development and validation/regulatory costs (DiMasi et al., 2016).
One possible way to reduce the time required to develop a drug is to
implement ultra scale-down technologies, which allow experimentation into
processing using only a fraction of resources required at pilot scale. Their
use can provide processing insights at early development stages, for
example understanding the impact of processing parameters on the product
stability. Their implementation could help with the design of full-scale unit
operations.

1.1 Monoclonal antibodies
Monoclonal antibodies are immunoglobulin (Ig) proteins with single specificity
(Tansey and Caterall, 1994). They are found in the blood of all vertebrates
and are essential for the immune system. Antibodies identify and neutralise
foreign agents, such as bacteria or viruses, helping to combat infection.
During the first exposure to an antigen, antibody production can take up to
14 days to fully resolve the infection. Thereafter, the immune system
develops memory cells. These cells recognise antigen structures and reduce
the time taken to produce antibodies in subsequent exposures of the
‘memorised’ antigen to 2-3 days. This phenomenon was discovered in 1890
and formed the basis for immunotherapy (von Behring and Kitasato, 1890).
The first successful method using the above phenomenon was reported by
Köhler and Milstein, in 1975, describing how to culture mammalian cells
expressing humanized monoclonal antibodies (mAbs) extracellularly. This
was the first platform, which focused on antibody production intended for
human use.
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Up to 2017, 80 mAbs have been approved by the FDA for therapeutic use
(Cai, 2018). This number is expected to increase to 92 by the end of 2018
upon the approval of the marketing applications currently in late-stage clinical
studies (Kaplon and Reichert, 2018).
1.1.1 Structure
Antibodies are relatively large proteins, with an average mass of 150
kiloDaltons (kDa) (Alberts et al., 1983). They contain oligosaccharide chains
and are categorised as glycoproteins producible in mammalian cells (Jefferis,
2005). The basic unit of an antibody is a monomer, a Y-like monostructure,
comprised of four polypeptide chains: two antigen-binding light chains (25
kDa), and two heavy chains (50 kDa) (Figure 1-1). Disulphide bonds hold
together these polypeptide chains (Scott and Clarke, 2009). Each chain is
made up of domains, each comprising 70 - 110 amino acid residues
arranged as two antiparallel ß-sheets. Each heavy chain (H) consists of three
constant domains (CH1,2,3) and one variable domain (VH). Each light chain (L)
consists of a single constant domain (CL) and a single variable domain (VL).
The overall antibody structure is split additionally into antigen-binding
fragments (Fabs) and constant (Fc) fragments. Each antibody monomer has
two Fab ‘arm’ regions and one Fc ‘stem’ region, which are linked by a flexible
hinge region located between CH1 and CH2 (Teillaud et al., 1983; Davies and
Chack, 1993). This flexibility allows the two Fab arms to move independently
of each other (Vincke and Muyldermans, 2012). The variable region in the
Fab arm, also known as the antigen binding site or complementary
determining region (CDR), is located at the tip of the antibody monomer
structure and contains three peptide loops. A total of six CDRs in each IgG
generate an infinite combination of amino acid sequences, which ultimately
determines the specificity of the antibody (Bannas et al., 2017).
The functionality of antibodies arises from non-covalent associated variable
domains and covalently associated disulphide-linked constant domains in the
Fab region. These contribute to the rigidity and stability of the molecule
(Teillaud et al., 1983; Davies and Chack, 1993).
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Figure 1-1 Structure of a conventional IgG antibody where black blocks represent
heavy chain and grey blocks the light chains (Adapted from Alberts et al., 1983
(page 63) and Teillaud et al., 1983 (page 722)).
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Native antibodies offer full functionality due to the intact C-terminal linkage
between the variable and constant domains in the Fab region (Bannas et al.,
2017). Fc receptors of various effector cells, including natural killer cells,
dendritic cells, and/or macrophages, are recruited to the Fc stem region and
trigger the immune response of B-cells due to the presence of the antigen.
Each Ig class has a unique Fc region (Ghetie et al., 1996).
Of the other Ig classes present in the serum of mammals, such as IgM, IgA,
IgG and IgE, IgG class is the most abundant immunoglobulin in the serum of
mammals (Tabll et al., 2015). This type generates highly specific antibodies
with high affinity and stability properties. They are easily purified using
standard affinity-chromatography techniques, including Protein A or Protein
G (Vincke and Muyldermans, 2012). The structure of Ig is remarkably similar
among the majority of the mammals, but variants do exist, for example,
heavy chain antibodies (HCAbs in Figure 1-2E) naturally devoid of light
chains which are still fully functional (Hamers-Casterman et al., 1993;
Greenberg et al., 1995). Such observations have led to the development of
different versions of the traditional IgG structure.
1.1.2 Smaller antibody-derived structures
Isolation of different domains of the traditional IgG structure has allowed
overcoming some challenges, such as poor tissue penetration owed to the
IgG large size (Beckman et al., 2007) and propensity to aggregate due to the
non-covalently associated variable domains (Bannas et al., 2017). Four
types of antibody fragments are discussed next, with a particular focus on
nanobodies.
Antigen-binding fragments (Fab) This type of IgG only contains the variable
region of both chains of a conventional IgG reducing the size to under half of
a full-size antibody (Figure 1-2B). This is the oldest fragment class and most
established thanks to its similarity to conventional mAbs (Figure 1-2A) with
three FDA approved clinical applications (Nelson and Reichert, 2009;
Nelson, 2010).

30

Figure 1-2 Schematic representation of different antibody-based products. The
following structures are represented as follows for conventional IgG: (A) mAb-150
kDa, (B) Fab-60 kDa, (C) scFv-30 kDa and (D) dAb-15 kDa; and for camelid IgG:
(E) HcAb-75 kDa and (F) Nb-15 kDa. The antigen binding sites, or CDRs, are
denoted by the white surfaces. For the conventional IgG (A – D), the red surfaces
represent the hydrophobic interactions between the variable domains whilst the blue
regions represent the disulphide bonds joining the constant domains. For the
camelid IgG (E and F), the green surfaces represent the hydrophilic regions due to
the missing variable domain of the light chain (Adapted from Vincke and
Muyldermans, 2012 (page 16) and Bannas et al., 2017 (page 3)).
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Single-chain variable region (ScFv). The VH and VL domains can be fused
into a 30 kDa single-chain variable fragment via a linker peptide (Figure
1-2C). The two domains are held together via the hydrophobic interface
between the variable domains (Bird et al., 1988). This type of fragment offers
poor stability and may require for example, engineering the VL binding site of
the VH domains to a man-made design (Barthelemy et al., 2008). This helps
overcome its increased hydrophobicity and tendency to aggregate (Wörn and
Plückthun, 2001). There are 10 scFvs in Phase 3 testing, accounting for 40%
of the active clinical pipeline (Nelson and Reichert, 2009).
Domain antibodies (dAb). Domain antibodies consist of a single variable
fragment sized 15 kDa (Figure 1-2D) with good antigen-binding properties.
This type also poses stability challenges due to its increased hydrophobicity
(Ewert et al., 2003) and reduced mass solubility (Tanha et al., 2006). These
are the second least mature antibody class only accounting for 6% of the
molecules in the clinical study but about half of the preclinical pipeline
(Nelson and Reichert, 2009).
Nanobodies (Nb). Naturally occurring heavy-chain antibodies (HcAbs, two
polypeptide chains, 75 kDa (Figure 1-2E)) in Camelidae triggered the
development of nanobodies (Bannas et al., 2017). These comprise a more
stable single antigen-binding VH domain (Nb, VHH, 15 kDa) (Figure 1-2F) than
that from a conventional mAb. The unique configuration of a Nb confers a
hydrophilic and a longer CDR3 region than ScFv and dAb to compensate for
the missing VL binding site and offer improved therapeutic capabilities
(Wesolowski et al., 2009; Bannas et al., 2017). Nanobodies are typically
produced as soluble and recombinant proteins in Escherichia coli (ArbabiGhahroudi et al., 2005; Revets et al., 2005) although yeast expression
systems such as Pichia pastoris or Saccharomyces cerevisiae have also
been reported (Frenken et al., 2000). Nanobodies, also known as single
domain antibodies (sdAbs) (Ward et al., 1989), are the most novel antibody
configuration with an anticipated approval of the first product by the end of
2018 (Arbabi-Ghahroudi, 2017).
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1.2 Antibody manufacturing
1.2.1 Regulatory requirements
It is necessary for any therapeutic to meet stringent criteria in all categories;
safety, identity, quality and purity, through phase I, II and III of clinical trials.
Attributes are ranked in each category and are monitored throughout the
process using relevant analytical techniques. For example, size exclusion
chromatography is used to monitor impurity levels under the purity category
and immunogenicity under the safety category. These criteria are carefully
taken into consideration during each processing step in order to maximise
the success rate. If successful, the therapeutic product will obtain FDA
approval and will be able to be commercialised and administered to patients
(FDA, 2015). The next section will discuss the major bioprocessing
operations.
1.2.2 Cell culture
Upon generation and characterisation of antibody-containing cells (Appendix
1), cells are stored in a cell bank at - 80°C. For production cells are gradually
expanded in two consecutive 14 day-long steps to yield an inoculum for the
large-scale bioreactor stage, which may reach volumes up to 20,000L
(Vázquez-Rey and Lang, 2011). Monoclonal antibodies are secreted into the
cell culture medium in this step (Shukla and Kandula, 2009; Shukla and
Suda, 2017).
1.2.3 Harvesting/clarification
The removal of cells and cell debris is achieved during harvesting operations,
during which up to a 25-fold volume reduction may be possible (Doran,
1995). There are four main sequences combining centrifugation and
membrane-based steps (Figure 1-3) (Shukla and Kandula, 2008; VázquezRey and Lang, 2011). The most common is described below.
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Figure 1-3 Common mammalian harvest/clarification platforms with the first option
being the most prevalent in bioprocessing (Adapted from Shukla and Suda, 2017
(page 75)).
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Centrifugation
This step is to remove the bulk of cell-related solids. A disc-stack centrifuge
is commonly used due to its reasonable solids handling capacity and good
clarification performance, and product-interchangeability. New configurations
create a low shear environment during entry to reduce cell disruption and
release of undesirable intracellular components (Shukla and Kandula, 2008).
Depth filtration
This is a membrane-based step, commonly operated between centrifugation
and microfiltration. It aims to remove large, insoluble contaminants from the
harvested broth throughout its filter matrix rather than just on the filter
surface (Fiore et al., 1980). It reduces the likelihood of membrane clogging
and membrane requirements for subsequent filtration steps (Gerba and Hou,
1985; Yavorsky et al., 2003). Depth filters are typically positively-charged
filters to improve the removal of endotoxins (Gerba and Hou, 1985), virus
particles (Hou et al., 1980) and DNA (Dorsey et al., 1997). They are
composed of cellulose fibres along with a filter aid, which maximises its
surface area (Smith, 2008).
Microfiltration
This membrane-based step is typically integrated in-line after depth filtration
as a final clarification step using an absolute pore size rating between 0.2
and 1.0 µm. Microfilters typically operate in dead-end mode and aim to
provide efficient removal of any residual particulates that may foul
downstream chromatographic stages (Shukla and Suda, 2017). They are
composed of asymmetric membranes, with a gradual decrease in pore size
from the retentate to the permeate side of the filter, which enables increased
filter capacity.
1.2.4 Purification
The objective of these operations is to selectively recover the desired
product from the particle-free feedstock and exclude components that might
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have similar physical, chemical, and molecular size properties to the product
through capture and polishing chromatographic steps.
Capture
Protein A (ProA) chromatography is the capture step used in the majority of
mAb bioprocesses due to its specific affinity with IgG and its conformational
stability across an operating pH from 2.0 to 11.0 (Marichal-Gallardo and
Alvarez, 2012).
Its specific affinity with IgG is due to a pH-dependent behaviour between
histidyl residues involving hydrophobic interactions, hydrogen bonds and two
salt bridges (Li et al., 1998). At high pH, histidyl residues are uncharged
allowing binding between IgG and ProA molecules. At low pH, the histidyl
residues become charged and hydrophilic, repelling each other and resulting
in product elution (Vunnum et al., 2009).
Product recoveries greater than 95% and aggregate levels below 5% have
been reported for this step (Curling, 2009). The cost of ProA resin, which
accounts for about 77% of downstream processing costs (Kelley, 2007), has
led to the investigation of cheaper alternatives such as mixed-mode
chromatography, which is discussed later (Liu et al., 2010; Gronemeyer et
al., 2014).
Viral inactivation
This step typically consists of a time-controlled low pH stage post ProAelution exploiting the low survival rate of viruses in acidic environments. It
commonly involves holding at low pH for 30 to 120 minutes, and then
adjusting pH prior to transferring the feed to subsequent polishing steps
(Brorson et al., 2003; Vunnum et al., 2009). The use of heat (Charm et al.,
1992), detergents (Liu et al., 2010) and ultraviolet light (Hart et al., 1993)
have been reported as alternatives to inactivate viruses although they are not
as prevalent as the low pH option.
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Polishing
The feed is polished through a series of either charge-based or hydrophobicbased chromatographic steps to remove the remaining impurities.
Ion-exchange chromatography (IEX)
This is a charge-based chromatographic step subdivided into: anionexchange chromatography (AEX), and cation-exchange chromatography
(CEX) depending on its resin charge. The order of these steps depends on
the process and the product.
AEX is typically operated in flow-through mode (Ferreira et al., 2007), is
positively charged and has an operating pH of 8.0. This is greater than a
typical humanised IgG isoelectric point (pI ~ 7.5) and thus promotes the resin
binding and the removal of negatively-charged contaminants such as nucleic
acids, pigments, viral clearance and low molecular weight (LMW) aggregates
(Curtis et al., 2003; Yigzaw et al., 2006).
CEX commonly operates in bind-and-elute mode where the product binds to
the negatively charged resin while the impurities flow through. It typically
operates at a pH between 4.5 and 5.5, which is below humanised IgG pI ~
7.5. It targets the removal of host cell proteins (HCPs) (Marichal-Gallardo
and Alvarez, 2012), leached Protein A (Gagnon, 2007) and high molecular
weight (HMW) aggregates (Han et al., 2011).
Hydrophobic interaction chromatography (HIC)
This step uses hydrophobic interactions between the ligands on the
stationary phase and patches on protein surfaces to achieve separation at a
relatively high yield (Liu et al., 2010; Nagrath et al., 2011). A high-salt
containing buffer is typically used to promote interactions between
kosmotropic salts and water molecules (Liu et al., 2010). This strong binding
is weakened by gradually reducing the salt content during product elution
(Ghose et al., 2013). Flow-through mode is commonly selected in this mode
to retain impurities, such as HCPs, DNA, LMW and HMW, in the column
(Chen et al., 2008).
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Mixed-mode chromatography or multi-modal chromatography (MMC)
Further chromatographic advances combine multiple interaction types such
as charge, hydrophobicity and size, to attain separation and improved
selectivity. This step attempts to overcome existing challenges during product
elution such as high salt and low pH requirements in HIC and ProA
respectively (Vázquez-Rey and Lang, 2011). Hydrophobic charge induction
chromatography (HCIC) ligand is an example, which combines thiophilic,
hydrophobic, and electrostatic interactions. It is pH- rather than saltdependent simplifying sample manipulation and process flow transitions at
manufacturing scale (Li et al., 2005; Cramer and Holstein, 2011). Other MMC
operations use for example, a combination of CEX and HIC in lieu of Protein
A chromatography as the capture step (Helling et al., 2012).
Viral Filtration
This step is used between the polishing and the final UF/DF steps to achieve
viral clearance. Two pore sizes, either retroviruses (50 nm or larger) or
parvoviruses (20 nm or larger), are typically used in virus filters (MarichalGallardo and Alvarez, 2012). A trade-off between the type and the cost of the
filter exists as the parvovirus filter can cost up to four times more than a
retrovirus filter (Phillips et al., 2007).
UF/DF
This combined step attains product concentration and buffer exchange in
ultrafiltration (UF) and diafiltration (DF) steps respectively. This is a
ubiquitous pressure-driven technology whereby amino acids, antifoam and
buffer components flow through an UF membrane, which has a relatively
precise pore size distribution, leaving proteins in the retentate (MarichalGallardo and Alvarez, 2012). UF is an efficient separation method that can
achieve high protein concentration with low-energy-requirements (Lutz and
Raghunath, 2007; Curling, 2009). DF allows buffer exchange throughout the
process or for product storage and stabilization in formulation at later stages.
They typically occur consecutively in “UF/DF” operations (Van Reis & Zydney
2007).
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This step is the main focus of this thesis and will be further discussed in
Section 1.3.
Examples of downstream purification platform
The

generic

antibody

purification

platform

typically

requires

three

chromatographic steps to ensure full contaminant removal. The number,
order and choice of chromatography polishing steps vary depending on the
product type and the quantity of impurities present (Stein and Kiesewetter,
2007; Kelley et al., 2009). Examples from three pharmaceutical companies
are shown in Figure 1-4. All three use Protein A as the capture step, either
CEX or AEX as the intermediate step, and attain removal of high HMW
aggregate levels by selecting HIC or AEX (Amgen); mixed-mode or in weak
partitioning mode AEX or CEX (Genentech); and a no salt HIC stage
(Biogen) as the final polishing step (Ghose et al., 2013; Shukla et al., 2017).
1.2.5 Formulation and fill/finish operations
Careful selection of excipients is needed to assure long-term stability and
preserve the biological activity of monoclonal antibody products (MarichalGallardo and Alvarez, 2012). The formulated product is typically 0.22 µm
filtered and then frozen for long-term storage to increase shelf life, and
minimise microbial growth and foaming during transport (Webb et al., 2002).
During fill/finish, the product is filled using pumps in liquid form onto
vials/injection devices. These are then administered to patients worldwide for
subcutaneous, intramuscular or parenteral administration-IV, the latter being
the most popular.
Liquid formations offer relatively easy preparation, development, and low
costs (Marichal-Gallardo and Alvarez, 2012). They can face stability
challenges for which alternative routes such as oral and respiratory tract
delivery have been proposed for new indications (Daugherty and Mrsny,
2006).
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Figure

1-4

Typical

mAb

downstream

process

purification

platforms.

(Adapted

from

Shukla

et

al.,

2017

(pages

62-63)).
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1.2.6 Aggregate formation
There is no maximum allowable aggregate level for therapeutic monoclonal
antibodies as it is product-specific. Some proteins may have up to 4% nonmonomeric form in their drug substance and be relatively stable (Deperalta
et al., 2013) whilst for other proteins small changes in aggregate levels may
have a significant impact on the stability and even safety (CordobaRodriguez, 2008). Aggregation is directly related to protein folding and is
stability-dependent (Mitraki and King, 1989; Vázquez-Rey and Lang, 2011;
Deperalta et al., 2013).
Size
Protein aggregates can be categorised in many ways including whether they
are

soluble/insoluble,

covalent/non-covalently

associated,

reversible/

irreversible, native/denatured or by size, from small oligomers to visible
particulates (Philo, 2006).
It is thought that small soluble reversible oligomers are first formed
(Cromwell et al., 2006). These are typically formed by protein binding of
charged or polarised regions, and these cannot be removed by a 0.22 µm
filter (Patel et al., 2011). An example includes weak non-covalent interactions
between exposed hydrophilic/hydrophobic patches in the Fab variable
domains of neighbouring antibodies (Plath et al., 2016). These trigger the
formation of partially folded protein intermediates, which are known to be
precursors to small oligomers (Mitraki and King, 1989; Fink, 1998). The
reversibility of these interactions may indicate the unique equilibrium
between the monomer and the higher configuration protein variants. This
equilibrium may shift depending on the feed concentration, pH or other
factors (Vázquez-Rey and Lang, 2011).
The aggregates begin to join one another through irreversible bonding, and
eventually become insoluble. Irreversible aggregates are commonly formed
by for example, a disulphide bond covalently joining previously unpaired free
thiols in the Fc constant domains (Andya et al., 2003; Plath et al., 2016).
These particles may become very large, often visible, and removable using a
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0.22 µm filter or a centrifugation step in mild conditions (Knutson et al.,
1979).
Causes
Aggregation may occur due to either chemical post-translational or structural
modifications (Gaza-Bulseco and Liu, 2008; Vlasak and Ionescu, 2011).
Chemical

post-translational

modifications

are

possibly

caused

by

glycosylation, oxidation and Fab-Fc cleavage of the antibody molecule due to
variations in the amino acid sequence (Fink, 1998; Harris, 2005). Structural
modifications are probably due to the exposure of the product to agitation,
shear stress, high metal ion concentration, or changes in pH and/or
temperature (Harris, 2005). An overview of the main sources for aggregation
for each main unit operation are detailed below, with a particular focus on the
final UF/DF/formulation and on the fill/finish operations, which have a key
role in aggregate removal.
Cell culture
During cell culture, aggregates are thought to be formed intracellularly after
protein expression and/or extracellularly when secreted into the mammalian
cell culture medium reaching a level of up to 30% of the broth contents
(Kramarczyk et al., 2008). The cell line and cell culture conditions including
media osmolality, pH, temperature, conductivity and feed strategy influence
the likelihood of aggregation and thus require careful selection and
optimisation (Gabrielson et al., 2007).
Purification
Acidic conditions (Chen, 1992; Krishnamurthy and Manning, 2002), pH
conditions near the antibody’s isolectric point (Striolo et al., 2002), high salt
conditions (Lund and Jönsson, 2003), citrate or phosphate-based buffers
(Kameoka et al., 2007) and pH-shifts (Paul et al. 2012) are often experienced
by antibody molecules during purification. These conditions may trigger
structural changes making aggregation processes energetically favourable
and reducing the bioactivity of the antibody. The protein molecules often
undergo a series of mixing stages, where air-liquid interfaces are formed,
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and are associated with the formation of aggregates (Thomas and Geer,
2011).
Mechanical stresses can also enhance the collision rate of native and/or
denatured proteins and interfacial interaction of proteins (Kiese et al., 2008).
Stirring can promote aggregation due to protein adsorption to the
hydrophobic stirrer bar (Santos et al. 2006). Shaking can generate soluble
aggregates due to spontaneous adsorption, interaction and exchange with
air-liquid interfaces due to protein’s amphiphilic nature (Wang et al. 2007).
Exposure of the protein molecules to stainless steel under high shear
environments has been shown to cause protein structural instability
(Biddlecombe et al., 2007; Bee et al., 2009).
Ultrafiltration/diafiltration
Proteins are exposed to physical stress during ultrafiltration/diafiltration
(UF/DF) operations due to an estimated 50 pump and valve passes per cycle
(Harris et al., 2004) creating high shear stress environments. Shearassociated conditions including air-bubble entrainment (Narendranathan and
Dunnill, 1982), adsorption to stainless steel, contamination and/or shearrelated pump microcavitation (van Reis and Zydney, 2007) rather than just
shear per se are thought to contribute to the high stress environment (Bee et
al., 2009). In terms of the choice of pumps, peristaltic (Chandavarkar, 1990)
and screw pumps (Meireles et al., 1991) have been found to be the pump
types that contribute the most to aggregate formation. The exposure of
protein to membrane surfaces, where a very high concentration gel layer
may form, could trigger membrane fouling due to concentration polarisation
possibly influencing aggregation behaviour (Kiefhaber et al., 1991; Bódalo et
al., 2004). Furthermore, protein adsorption onto hydrophobic/hydrophilic
surfaces at high viscosity, particularly at 50 mg/mL or above (Carpenter et
al., 1999; Cromwell et al., 2006) are likely to contribute to product
aggregation (Bee et al., 2010).
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Fill/finish
A high shear environment triggering the partial unfolding of proteins may be
created from either: ice-liquid interfaces during freezing (Strambini and
Gabellieri, 1996; Harding et al., 1999); air-liquid interfaces during pumping
(Tyagi et al., 2009); shaking and agitation between filling and delivery (Kiese
et al., 2010; Vázquez-Rey and Lang, 2011); and solid-liquid interfaces in
protein adsorption during filling. The aggregation tendency is further
impacted by the presence of foreign particles by, for example, the glass from
vials, silicone from stoppers, Teflon® (Sluzky et al., 1991) and plastic from
syringes (Carpenter et al., 1999).
Solutions to mitigate aggregation
There are many methods to minimise aggregate formation. During
purification, examples include reengineering the Protein A ligand (Gülich et
al., 2000) or adding Sodium Chloride (Carpenter et al., 1999; Gagnon, 2007)
and/or ethylene glycol (Bywater et al., 1983) to the Protein A elution buffer,
thereby increasing its pH and avoiding acidic conditions.
For UF/DF operations, alternatives to the conventional controlled mean
transmembrane pressure operation have been proposed to maximise flux
and final concentration while minimising aggregate levels. Rosenberg et al.
(2009) reported antibody concentrations of up to 140 mg/mL with reduced
aggregate levels by adjusting the mean transmembrane pressure, crossflow
rate and axial pressure drop throughout the operation.
For fill and finish, lyophilisation, i.e. freeze drying, is commonly implemented
as a strategy to enhance product shelf-life. It can eliminate up to 99% of the
water present in mAb formulations minimising air-liquid interfaces prior to
storage (Tang and Pikal, 2005; Jameel et al., 2010). The use of specific
excipients in formulation buffers has been reported to mitigate the
aggregation risk. These include: sucrose and trehalose, which promote
vitrification rather than ice crystal formation (Strambini and Gabellieri, 1996);
polysorbate 20 or 80, which provide stability especially in high concentrated
formulations (Patapoff and Esue, 2009; Bee et al., 2010; Serno et al., 2010);
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and arginine, which reduces the agitation-induced aggregate formation rate
(Fesinmeyer et al., 2009). The next section of this literature review will focus
on

membrane

processing

operations,

particularly

highlighting

ultrafiltration/diafiltration stages for monoclonal antibody production.

1.3 Membrane processing for antibodies
Membrane processing is an integral part of protein purification operations
(van Reis and Zydney, 2001). It is an ubiquitous operation present in most
monoclonal

antibody

manufacturing

processes

(Curling, 2009).

The

operation mode, separation objectives, and criteria vary depending on the
location of the membrane step within the bioprocess sequence. The use of
membranes enables selective species to be separated from undesired
species without the stringent need for additives (Richardson and Coulson,
2002; Chesters et al., 2009).
1.3.1 What is a membrane?
A membrane is a thin interface that controls the flow and permeation of
species that are in contact with it. There are two main types of membrane
composition: symmetric and asymmetric. The former has a relatively uniform
symmetric structure at molecular level and is commonly used to retain
suspended particles. Asymmetric membranes have a multi-layered structure
and are typically used to retain macromolecules. They are composed of a 0.1
- 2.0 µm thin polymeric skin layer over an approximately 50 - 200 µm thick
microporous structure, which provides mechanical support (Hildebrandt,
1991). Common compositions include: polyvinylidene fluoride, nylon,
polysulfone and regenerated cellulose (Strathmann, 1985), offering reduced
nonspecific protein binding, wide operable pH range, high mechanical
strength and fast flux (Rathore and Shirke, 2011).
1.3.2 Applications
Applications of pressure-driven processes have been developed in areas
including microfiltration (MF), viral filtration (VF), ultrafiltration (UF) and
nanofiltration (NF). Microfiltration membranes have been tailored to allow
macromolecules to flow through and provide high cell retention with a pore
45

size between 100 and 1,000 nm. Viral filtration membranes have a pore size
between 20 and 70 nm and are tailored to retain viruses and allow passage
of macromolecules and buffer components (van Reis and Zydney, 2007).
Ultrafiltration membranes have a pore size between 1 and 20 nm, and allow
small molecular weight species such as amino acids, antifoam and buffer
components

to

flow through

while achieving a

high

retention of

macromolecules (Darnon et al., 2003). Lastly, nanofiltration membranes, with
a pore size between 0.5 and 1 nm, operate at molecular level and separate
similarly sized solutes including solvent, monovalent salts and small organics
from divalent ions and larger species (Baker, 2012). The remaining of this
literature review will focus on membrane processing utilising ultrafiltration
membranes.
1.3.3 Operating modes
Pressure-driven membrane processes can be operated in two different
principal modes: normal flow filtration (NFF) and tangential flow filtration
(TFF). In NFF, flow travels perpendicularly to the filter, the product eventually
permeates through the membrane and undesired components remain on the
retentate side of the membrane (Figure 1-5A). This type of filtration is not
commonly used for protein purification operations due to its fouling
vulnerability but may be used for sterile filtration (Blatt et al., 1970; Doran,
1995; Zeman and Zydney, 1996).
In TFF, also referred to as cross-flow filtration, the bulk of the flow is pumped
at high velocities parallel to the surface of the membrane rather than into
filter (Figure 1-5B). This results in fluid recirculation and lower flow resistance
(Richardson and Coulson, 2002). The driving force in this mode is the
transmembrane pressure, ΔPTMP, across the membrane.
TFF mode enables continuous operation and reduces membrane fouling by
maintaining a cleaner membrane surface and thus offering an extended
membrane lifetime and higher fluxes than NFF mode (Pattasseril et al.,
2013). The resulting greater fluxes can, however, induce a high shear
environment in the membrane pores and may affect protein stability and
tendency to undergo aggregation (van Reis and Zydney, 2007).
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Figure 1-5 Type of filtration modes where (A) is normal flow filtration (NFF) and (B)
is tangential flow filtration (TFF). The arrows indicate flow of direction and ∆PTMP
refers to the pressure differential between the feed and permeate. Note that PF, PP,
and PR stand for pressure in feed, permeate and retentate stream. In (A)
accumulated contaminant layer starts forming on the retentate side of the
membrane reducing flow to eventually zero, where  are contaminant molecules
and ● are product molecules. In (B), no accumulated layer is seen enabling
significantly higher flux where, for example  are product molecules and ● are
contaminant molecules for ultrafiltration membranes (Adapted from Masri, 2014
(page 40) and cited in Perry and Green, 2008).
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1.3.4 Control modes
Membrane processes may be operated in constant flux or constant mean
transmembrane pressure mode. The former is preferred when dealing with
fouling process streams because it reduces concentration polarization effects
and therefore it is typically selected for pre-purification operations. Constant
mean transmembrane pressure (∆P̅TMP) operation accounts for the pressure
drop variation along the cassette (Equation 1-1) and is often selected for
post-purification membrane stages.

̅ TMP = PF + PR - PP
∆P
2

Equation 1-1

1.3.5 Industrial modules
The choice of filtration module is critical in order to select the most
economical and time-efficient option maximizing the surface area whilst
minimizing the design dimensions to facilitate sanitization and reduce dead
volumes (van Reis and Zydney, 1999). Factors including: the operating
scale, the likelihood of membrane fouling, concentration polarisation effects,
the shear profile causing instability, and the trade-off between operating and
capital cost (Baker, 2004; van Reis and Zydney, 2007; Charcosset, 2012)
need careful consideration during module selection. The four main options
are discussed below highlighting their applicability for ultrafiltration
operations.
Spiral wound
This design involves a membrane envelope of feed spacers where the
membrane is attached to a perforated collection tube in the centre of the
module. Feed is axially pumped down to the membrane envelope, where
‘permeate’ flows through the membrane and spirals towards the collection
tube in the centre (Figure 1-6A).
Each module has 30 membrane envelopes, which help minimise the
permeate path and pressure drop in the collection tube for every envelope
(Bray 1968; Baker 2004).
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Figure 1-6 Common industrial modules where: (A) is a multi-envelope spiral-wound
design where the permeate flow direction is shown by black arrows (adapted from
Baker, 2004 (page 145) and also cited in Bray 1968); (B) is a hollow fibre module
where (i) is a shell-side feed design and (ii) is a bore-side feed design (cited in
Baker 2004 (page 147)); (C) is a tubular ultrafiltration system (cited in Baker 2004
(page 143)); (D) is a plate-and-frame module where the green regions represent the
regions where the permeate goes through to exit the module (Adapted from
Günther et al. 1996 (page 96)).
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For ultrafiltration applications, this design is becoming increasingly popular
especially with clean feeds, owing to its significantly low energy cost,
effective mass transfer characteristics and improved fouling resistance (van
Reis and Zydney, 1999; Baker, 2012).
Hollow fibre
This design is composed of a self-supporting parallel array of about 50 –
10,000 fibres, each with a non-uniform structure. They have a diameter
between 200 and 2500 µm and a wall thickness of around 200 µm (van Reis
and Zydney, 1999). The main advantage of this design is its ability to
compress ten times more membrane area in an equivalent size single unit
module than the other options. There are two distinct geometries: shell-side
and bore-side feed design.
Shell-side feed design
This type consists of a pressure vessel containing a closed fibre bundle,
pressurized from the shell side (Figure 1-6B, i). Permeate flows through the
fibre wall and leaves through the open fibre ends in the base of the design.
Retentate is collected through the upper outlet. Its operating pressure can
reach up to 70 bar making it highly desirable for gas separation or reverse
osmosis applications. The choice of material is limited as it needs to
withstand high hydrostatic pressure i.e. fibres need to have outer diameters
3-4 times greater than the inner diameter (Baker, 2012).
Bore-side feed design
This module design contains ‘capillary-like’ fibres that are open at both ends
meaning that feed can flow through the entire length of the fibres (Figure
1-6B,ii). The operating pressure of this design reaches only 10 bar. For
ultrafiltration applications, this design is more favourable than shell-side feed
design because it allows better control over concentration polarization,
smaller axial pressure drops and reduces fouling (Lemanski and Lipscomb,
2002).

50

Tubular
This module is similar to a hollow fibre design, but is composed of much
larger diameter tubes, from 3000 to 25000 µm, which are typically not selfsupported (van Reis and Zydney, 1999). It is common for smaller tubes to be
nested inside larger tubes, which are then manifolded in series (Figure
1-6C). These are cast on to a porous support tube typically made of
fibreglass, plastic, stainless steel or plastic.
The feed flows through the inside of the tube and the permeate leaves in a
radial direction across the membrane and is collected in the permeate
manifold. This module is commonly used in ultrafiltration applications as it
offers

good

resistance

to

membrane

fouling

due

to

good

fluid

hydrodynamics, which outweighs its high capital costs such as high floor
space requirements (Baker, 2004).
Plate-and-frame
This design consists of modules with flat sheets of membrane held together
by a filter press or a support plate. In an example developed by Günther et
al. (1996) (Figure 1-6D) the feed is forced across the membrane. A
percentage of feed flows through the membrane becoming the ‘permeate’
whilst the remaining exits as the ‘retentate’. This particular design is typically
used at small-scale only owing to its high cost and propensity to leak. This
design has, however, been used as a basis to develop more industry-friendly
alternatives.
Flat-sheet cassettes
Flat-sheet cassettes are an example of a format based on plate-and-frame
design, and have become the most widely used format in biomanufacturing
due to their scalability and robustness (Lutz, 2015). Cassettes are
rectangular devices comprising flat sheet membranes layered with a
permeate and retentate channel spacers in a sandwich configuration. A
‘packet’ is composed of two sheets of membrane and a permeate screen
(Figure 1-7).
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Figure 1-7 Flat-sheet cassette simplified arrangement where the flow path of the
feed is blue, the permeate is black and the retentate is red (Adapted from van Reis
and Zydney, 1999 (page 9) and cited in Zeman and Zydney, 1996).
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The membranes are tightly held in place through the hydraulic clamping of
the pre-cut holes of the feed, retentate, and permeate stream to the support
plate. These allow individual streams to be manifolded and collected (Lutz,
2015). The feed enters the cassette and is distributed across the channels
between the membrane sheets at the entry point of the cassette.
The retentate is collected at the end of the length of the membrane whilst the
permeate is manifolded separately and exits the opposite side of the
membrane (van Reis and Zydney, 1999) (Figure 1-7). Typically several
membrane ‘packets’ are combined to create a particularly sized cassette. For
example, using the dimensions reported in Binabaji et al. (2016), Pellicon 3
mini cassette (88 cm2) is estimated to have a single packet whereas a
Pellicon 3 cassette (0.11 m2) is estimated to have 25 packets. Screens within
each ‘packet’ in this design, typically made up of a propylene mesh, act as
turbulence promoters contributing to an increase in mass transport and thus
attaining greater fluxes than designs without screens (van Reis and Zydney,
2007). A more detailed view of a ‘packet’ with screens is shown in Figure
1-8A.
The height of feed channels ranges between 0.2 to 1.0 mm (van Reis and
Zydney, 1999; Lutz, 2015). This may effectively be reduced by up to 30%
through the incorporation of screens. One approach to estimate the effective
height (hE) is by deriving from the momentum balance along the membrane
module (Equation 1-2) (Rayat et al., 2014; Binabaji et al., 2016).

3

hE = √

µW ∙QF ∙LE ∙K

ρF ∙w ∙ (
E

∆Pax.m
ρF

+ g∙LE )

Equation 1-2

Where µW is the viscosity of water (W); QF is the crossflow rate; LE is the
effective (E) channel length; K is a dimensionless cassette constant; ρF is the
density of water (W; wE is the effective (E) channel width; ΔPax.m is the
measured axial pressure drop; and g is the gravity due to acceleration.
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Figure 1-8 Simplified schematic of the flow path in a ‘membrane packet’ in a flatsheet cassette. (A) shows the entire length of a channel estimated at 20 cm for a
Pellicon 3 cassette. (B) represents a zoomed in version representing the effective
height (hE) in an individual channel and the corresponding height of fluid (z) above
the membrane surface per sheet in a TFF cassette. The flow path of the feed is blue,
the permeate is black and the retentate is red. Note that this drawing is not drawn to
scale.
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Using an average effective height (hE) of 0.2 mm (Lutz, 2015) and the fact
that each channel is composed of two membrane sheets, it may be assumed
that 50% of hE is a representative height of fluid above the membrane
surface per sheet in a TFF cassette (z), i.e. 0.1 mm (Figure 1-8B). This
distance above the membrane surface will be used to characterise the pilotscale TFF system in terms of shear rate.
Shear rate characterisation
Several studies have investigated the effects of screen geometry on the
cassette pressure drop, flow distribution and mass transfer (Zimmerer and
Kottke, 1996; Schock and Miquel, 1987; DaCosta et al., 1991). These have
been furthered by estimating shear using computational fluid dynamic (CFD)
tools through finite element or volume numerical approaches to characterise
the fluid flow in the spacer-filled channels (Karode and Kumar, 2001; Ahmad
et al., 2005; Koutsou et al., 2007; Shakaib et al., 2007; Shrivastava et al.,
2008; Shakaib et al., 2009). These results have provided powerful insights
on how to improve the screen geometry and ultimately, the cassette design.
However, they are difficult to verify, and simplified equations have been
developed to evaluate the shear rate of flat-sheet cassettes. These include,
for example, using Hagen-Poisseuille’s based equation (Equation 1-3) (Patel
et al., 1987; Lee et al., 1995; Parnham and Davis, 1995) typically for laminar
flow and Equation 1-4 typically for transitional/turbulent flow (Schlichting and
Gersten, 1979). The latter will be used to characterise the shear rate in the
cassette used in this thesis assuming low permeation rate.

y̅ av =

6∙uxo

Equation 1-3

hE

Where uxo is the channel velocity (

QF
hE ∙wE ∙ N

) and hE is provided by Equation

1-2.

̅ = √ ε =√
y̅ av ≡ G
μF

Pw
VC ∙μF

=√

QF ∙ ∆Pax
VC ∙μF

Equation 1-4
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̅ is the mean velocity gradient; ɛ is the energy dissipation rate; Pw is
Where G
power; ΔPax is the axial pressure drop and VC is the cassette hold-up
volume. See Appendix 3 to see the SI units derivation for this Equation.
1.3.6 Configurations
Tangential flow filtration (TFF) systems can operate in either ultrafiltration
(UF) mode, to concentrate a protein solution; or in diafiltration (DF) mode, to
exchange the buffer environment of a protein solution. They can be operated
in single-pass, continuous, batch, fed-batch or continuous “cascade”
configurations, which are briefly discussed below.
Single-pass
In single pass, the fluid exits as a relatively concentrated retentate after a
single pass through the membrane (Figure 1-9A) This mode is not commonly
used at industrial scale because of its fouling limitations, operation at low
feed flow rates and long feed channel requirements (Lutz, 2016).
Continuous
Continuous configuration, also known as feed-and-bleed, uses the same setup as single pass but involves partial recycling of the retentate (Figure 1-9B).
It is frequently run as a multistage operation, where the retentate from one
module becomes the feed of the next module, increasing the retentate
concentration throughout the operation. This configuration is common in
large-scale operations offering higher fluxes, shorter cleaning and set-up
cycles, and lower membrane requirements than single pass (Lutz, 2016).
Batch
Batch configuration operates with minimal hardware since the processed
volume is contained in a single tank (Figure 1-9C). The retentate is recycled
to the feed tank while the permeate exits the system. This mode offers
relatively high flux rates as the feed/retentate tank volume decreases with
time, resulting in the concentration rising exponentially

with time.

Concentration stages are typically operated in this configuration.
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Figure 1-9 Tangential flow filtration configuration schematics for large-scale processing. The following configurations are represented in: (A)
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single-pass, (B) continuous, (C) batch, (D) fed-batch where (i) is for concentration (UF) and (ii) is for diafiltration (DF), and (E) two-stage
cascade-loop.

However, a maximum 40-fold volume reduction capability due to the largest
tank sizes available, and the need to maintain the minimum working volume
of the system to avoid air-liquid interfaces limits its use in large-scale
processes (Zeman and Zydney, 1996).
Fed-batch
Fed-batch configuration is typically operated at a constant retentate volume
by using an additional tank. Either feed (Figure 1-9D,i) or diafiltration buffer
(Figure 1-9D,ii) is added to the feed/retentate tank at the same rate as the
permeate exits the membrane. This allows a linear increase in the
concentration profile with time.
Despite operating at overall lower fluxes than batch configuration, this mode
is more common in large scale because it offers volume reduction capability
of around 100x, improved mixing conditions during buffer exchange, and
increased flexibility (van Reis and Zydney, 1999).
Cascade
Cascade configuration enables the integration of multiple process steps into
a single operation (van Reis and Zydney, 1999) using the permeate, which
contains the product, from the first stage as the feed for the second stage.
The permeate from the second stage is either discarded (open configuration,
where new diafiltration buffer is added), or recycled as the diafiltration buffer
for the first step (closed configuration, Figure 1-9E). The latter is more
popular as it significantly reduces buffer requirements. Examples of this
mode include using a microfiltration filter to harvest protein followed by an
ultrafiltration stage to concentrate the product (Charcosset, 2012). A twostage cascade high performance tangential flow filtration (HPTFF) system
configuration has also been used in which the product is collected in the
permeate in the first step and then undergoes diafiltration to achieve
purification (Cheang and Zydney, 2004).
Experimentation runs in this thesis will be conducted in fed-batch
configuration. This was decided to be consistent with MSD design
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procedures and ensure relevant data with the same concentration – time
profiles were generated.
1.3.7 Design parameters
The key parameters of any membrane process are: (a) the flux, (b) the
selectivity, and (c) the loading.
The flux (a), J, is the volumetric flow rate, Q, per unit membrane area, A. This
is a measured output and dictates the duration of the UF/DF step. It is
proportional to the effective pressure driving force, the transmembrane
pressure drop (ΔPTMP) although factors such as concentration polarization
and fouling can alter the proportionality. This will be further discussed in
Section 1.3.8.
The selectivity (b) is defined by the underlying pore size distribution and
membrane surface characteristics (van Reis and Zydney, 2007). It is directly
related to the solute sieving coefficient, S, which is determined by the ratio of
the protein concentration in the permeate (C P) and feed (CF) respectively.
This is considered negligible with ultrafiltration membranes as the product is
fully retained.
The loading (c), also referred to as the volumetric loading, ML, is the total
feed volume (VF) that will be processed per unit membrane area (A)
(ML =

VF
A

). This may be used to define when the membrane needs replacing

during design stages or used for scaling. It can also be defined in terms of
the total mass of protein to be processed per unit of membrane area using
the term of mass loading, MG (MG = CF ∙

VF
A

= C ∙ML ).
F

The use of mass loadings allows the design to account for the variability of
the concentration of the incoming feed to a UF/DF step. This may, for
example, be lower when the preceding final polishing step is a flow-through
AEX rather than a bind-and-elute CEX step. It is an operational parameter
commonly used in industry to characterise UF/DF design stages. A design
trade-off exists between the mass loading, membrane area requirements,
and the duration of the operation. MG values of ~ 450 g/m2 are commonly
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used for UF/DF operations to size the membrane (Lutz, 2015). A lower mass
loading may be, however, selected for a shear sensitive molecule to achieve
greater fluxes and thus reduce the process duration, at the cost of having
greater membrane area requirements.
Concentration operations
Concentration operations are typically designed by selecting the volume
concentration factor, VCF; the target retentate concentration, CR (assuming
CP = 0 in the product mass balance: CFVF = CRVR + CPVP); and the mass
loading, MG. These design steps will be used in the final experimentation
stages of this thesis to be consistent with MSD platform design stages.
Diafiltration operations
These are designed by the number of diafiltration volumes (DV). These can
be defined by the use of a standard mass balance for the excipient
concentrations of the buffer in the feed, CF.Ex; the permeate, CP.Ex; and the
retentate, CR.Ex; (Equation 1-5); followed by integration for time (0 → t) and
concentration (CR.Ex → CF.Ex) (Equation 1-6) resulting in Equation 1-7. The
Q t

final equation in terms of diafiltration volumes (DV= ( VF ) is Equation 1-8.
R

QF CF.Ex - QP CP.Ex =
QF
VR

t

C

∫0 dt = ∫C F.Ex (C

CR.Ex
CF.Ex
CR.Ex
CF.Ex

dt

VR

dC

F.Ex -

R.Ex

dC

CP.Ex )

Equation 1-5

Equation 1-6

Q t

(- VF )

Equation 1-7

= 1 - exp(-DV)

Equation 1-8

= 1 - exp

R

Sufficient buffer exchange is typically defined at seven diafiltration volumes,
at which point the retentate contains 99.9% of the excipient concentration of
the diafiltration buffer, although it depends on the impact the unit design may
have on the product characteristics. Six diafiltration volumes, resulting in
99.7% buffer exchange (Rucker-Pezzini et al., 2018), and between eight and
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ten diafiltration volumes resulting in 100% buffer exchange (Zydney and
Kuriyel, 2000) have also been reported for protein diafiltration operations.
Careful selection of the diafiltration concentration is also required to
maximise the flux while minimising membrane area, buffer volume
requirements and process duration. This is critical for the operation schedule
as typical UF/DF operations at large scale run for three to four hours so they
fit in an eight-hour shift including pre- and post-run procedures (Millipore,
2003).
1.3.8 Modelling flux decline
The flux of a pure solvent through a porous media may be evaluated directly
from the Hagen-Poiseuille equation based on Darcy’s law (Equation 1-9). It is
directly proportional to the transmembrane pressure.

J=

ϵ r2Po
8∙μP ∙δM

∆PTMP

Equation 1-9

Where ϵ is the membrane porosity, rPo is the pore (Po) radius (r); δM is the
membrane (M) thickness.
The flux between a pure solvent and a solute solution may differ by up to
95% (Mudler, 1996). This discrepancy can be described by two main
phenomena: concentration polarisation and fouling.
Concentration polarisation
Concentration polarisation is a reversible process. It arises when solutes are
transported to the membrane by convection. This creates a gel layer posing
an additional flow resistance across the membrane. This layer contains a
high concentration of retained species. The magnitude of this layer is directly
impacted by the feed concentration, viscosity and flow conditions, and is thus
dominated by mass transfer limitations. One model used to describe
concentration polarisation is the stagnant film model, described below.
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Stagnant film model
In steady-state operation, the sum of the protein molar fluxes is zero
(Equation 1-10) (Figure 1-10A).

JC -JP -JD =0

Equation 1-10

This is given in terms of the flux, J, and the concentration gradient along the
dC

boundary layer ( dx ) in Equation 1-11.

JC-JCP - D

dC
dx

=0

Equation 1-11

where C is the local protein concentration, x is the position before the
membrane, and D is the protein diffusion coefficient.
Integration between CM→CF and 0→δB, where CM is the protein
concentration at the membrane surface; CF is the protein concentration in the
feed/bulk; δB is the boundary layer (B) thickness; results in Equation 1-12.
δB

CM = CP +(CF - CP ) eJ D

Equation 1-12

Assuming the mass transfer is the ratio between the diffusion coefficient and
D

the boundary layer thickness (k = δ ) and complete product retention (CP = 0),
B

the flux (J) may be predicted by Equation 1-13 and the limiting flux (Jlim) by
Equation 1-14 replacing CGel with CM (Figure 1-10B).

J = k ln

CM
CF

Jlim= k ln

CGel
CF

Equation 1-13

Equation 1-14

The use of Equation 1-14 may give an indication of the maximum gel
concentration, beyond which a solid cake layer forms. The mass transfer
may also be determined and used to help compare and characterise different
TFF designs (van Reis and Zydney, 1999; Sengler et al., 2015).
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Figure 1-10 Concentration polarization using the mass transfer model. Figure (A)
shows without gel formation and (B) with gel layer formation where: δB is the
boundary layer thickness; JC is the protein molar flux of convection; J P is protein the
molar flux of permeate; JD is the protein molar flux of back-diffusion; CP is the protein
concentration in the permeate; CF is the protein concentration in the feed/bulk
phase; CM is the protein concentration at the membrane surface; and CGel is the
protein concentration at the gel layer surface (Adapted from Flaschel et al., 1983,
page 77).
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Fouling
Fouling is an irreversible phenomenon where the solute is adsorbed onto the
membrane surface and/or pores (Matthiasson and Sivik, 1980; Belfort et al.,
1994; Perry and Green, 2008).
There are multiple causes of membrane fouling including protein
denaturation, adsorption to membrane, aggregation, hydrophobic and/or
electrostatic interactions, van der Waals forces, the type of pump used, and
the operating temperature (Marshall et al., 1993; van Reis and Zydney,
2007). Fouling may be characterised using three main mechanisms. The first
is the deposition of denatured protein aggregates on the membrane pore
surface either partially (partial pore blockage, Figure 1-11A) or totally
(complete pore plugging, Figure 1-11B) (Meireles et al., 1991; Doran, 1995).
The second is the adsorption of protein molecules on the membrane surface
and inside the pore structure (Figure 1-11C) (Saxena et al., 2009). The third
is the formation of a cake layer, as a result of concentration polarization
effects (Figure 1-11D) (Aimar et al., 1986). For short filtration times, partial
pore blockage is typically the most important mechanism (Figure 1-11A).
For longer operations, the cake layer mechanism tends to be a more
important cause of the flux decline and the extent of membrane fouling
(Figure 1-11D) (Kelly & Zydney 1997). However, all three mechanisms may
apply for a given application. Fouling provides an additional resistance, RFo,
to solute and solvent transport across the membrane (Nakao et al., 1982)
which gradually increases with time (Kurnik et al., 1995), leading to reduced
flux (Boyd and Zydney, 1998). One model to incorporate fouling to predict
flux is the resistance-in-series model, discussed below.
Resistance-in-series model
Solvent transport through membranes may be described using principles of
irreversible thermodynamics using Kedem-Katchalsky equations and three
resistances in the resistance-in-series model.
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Figure 1-11 Protein fouling mechanisms where the following models are
represented: (A) partial pore blocking, (B) complete pore plugging, (C) pore
constriction due to adsorption of protein molecules, (D) cake layer formation.
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The first is the membrane resistance, RM, which is determined as the inverse
of the membrane permeability. It is a fixed membrane-specific parameter and
assumes a pure-solvent flux and no solute retention on the membrane
surface (Equation 1-15) (Kedem and Katchalsky, 1958; Spiegler and Kedem,
1966).

RM =

∆PTMP - ∑ (σ∆Pax )

Equation 1-15

JW ∙μP

where JW is the ultra-pure water flux and σ is the osmotic rejection coefficient
i.e. a measure of membrane selectivity for a completely retained solute (σ =
1) and a completely permeable solute (σ = 0).
The second is the resistance due to the reversible gel layer on the
membrane formed due to concentration polarisation effects, RGel, and the
third due to the possible irreversible fouling layer, RFo. The combination of
these three can be used to determine the total resistance, RT (Equation
1-16).

RT = RM + RGel + RFo

Equation 1-16

RM is flux-independent, RGel is flux-dependent and RFo is time-dependent.
The total resistance can be experimentally determined from the measured
flux in the protein feed (F) experiments, JF, and the viscosity, µP of the
permeate (P) combining the last two equations (Equation 1-17).

RT = RM + RGel + RFo=

∆PTMP - ∑ (σ∆Pax )
JF ∙μP

Equation 1-17

In the pressure-controlled region, typically at low solute concentrations, the
osmotic pressure difference, Σ(σ∆Pax), and the fouling layer resistance, RFo,
may be assumed negligible in Equation 1-17 (Figure 1-12). When CGel
exceeds the solubility limit, the osmotic pressure difference and the fouling
layer start playing a role and may not be considered negligible (Katchalsky
and Kedem, 1962). This explains the asymptotic limiting value (Jlim) observed
at high transmembrane pressure drops upon transition between regions
(Figure 1-12).
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Figure 1-12 Theoretical relationship between the flux, the transmembrane pressure
and the feed concentration. Optimum operating point for a membrane process,
highlighted in the red region, is the maximum flux achievable for given conditions
prior entering the mass transfer-controlled region. (Adapted from Opong and
Zydney 1991 (page 1510) and van Reis and Zydney, 1999 (page 3)).
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This will be the main model used for the analysis and the results chapters of
this thesis due to its simpler quantification in the complex systems used. The
stagnant film model, discussed earlier on, will only be used once due to the
hypothetical nature of the gel concentration and the mass transfer coefficient
values.
1.3.9 Prevention
Concentration polarisation effects and fouling can be reduced by for
example, the creation of high local shear rates in TFF membrane modules by
incorporating screens on flat-sheet cassettes or inducing secondary flow with
Taylor or Dean vortices (van Reis and Zydney, 2007).
The use of microsieves, a very thin selective layer with improved morphology
structure and more controlled porosity, has also been reported to improve
separation behaviour and achieve higher fluxes (Kuiper et al., 1998; Saxena
et al., 2009). An example is a polyethersulfone (PES) microsieve, which is
popular due to its smooth surface and low incidence of protein entrapment
inside the pore network (Boyd & Zydney 1998; Gironès et al. 2006). Lastly,
increasing the membrane surface hydrophilicity by coating (Pieracci et al.,
2000), or by PEGylation and sulfonation (Park et al., 2006) may minimise
protein adsorption and reduce the extent of secondary gel layer formation
(Kurnik et al., 1995; Saxena et al., 2009).

1.4 Scale-down of membrane processes
The study of membrane operations involves understanding the interplay
between membrane geometries, feed crossflow rate, flux, and/or the
transmembrane pressure. Dependencies exist for example, between the
transmembrane pressure and the feed flow rate (Vogel and Kroner, 1999).
These dependencies have been investigated with mechanically agitated
systems, also known as rotating disc filters (RDF). These have been devised
to investigate the effect of high shear over the membrane while still operating
at low flow rates, for example, using an axial rotating cylinder (Kroner and
Nissinen, 1988; Holeschovsky and Cooney, 1991; Ji et al., 2016) or a
rotating disc (Ebrahimi et al., 2013).
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The availability of material for experimental studies is a key constraint in the
development of full-scale bioprocesses. This is especially true for the later
stages in a bioprocess sequence such as final membrane processes, where
the product is at a relatively high concentration. Traditional scale-down
models can still require significant volumes and face challenges. It is
necessary to maintain flow path length and similar wall and entrance effects
to help mimic hydrodynamic shear characteristics, while also ensuring that
the pumping and piping flow effects remain the same. This has led to the
development of novel designs to mimic specific parameters.
Rayat et al. (2014) used an equivalent hydraulic length to account for flow
disruption effects in a channel with changes in flow direction to successfully
replicate the pressure drops and shear rates present in full-scale TFF
systems while reducing the membrane area used to 10 cm2. Stirred-well
systems have been used, where the intention is to maintain a clear
membrane surface, to study environmental effects such as pH and salt
concentration on protein processing using membrane areas of 0.25 cm2 in
multi-well plates (Kazemi and Latulippe, 2014). These systems have also
been used to study the effects of membrane pore size and composition on
the specific transmission of proteins using 1.5 cm2 membrane discs (LaRue
et al., 2018).
Membrane processes are often scaled by maintaining the same loadings and
membrane configurations (i.e. path length) and varying the number of
membrane channels (van Reis et al., 1997; Dosmar et al., 2005). Typical
loadings either in volume or in mass for ultrafiltration applications range from
25 to 120 Lm-2 or from 200 to 1000 gm-2 respectively, following MSD design
procedures. The selected value, however, entirely depends on the process
and the product requirements. There are two other parameters maintained
when scaling UF/DF operations: the transmembrane pressure, with a typical
range from 0.4 to 1.4 bar, and the crossflow rate with a typical range from 4
to 8 L/min/m2 (LMM) (Millipore, 2013). The duration of the operation, which is
dictated by the flux, is not used as a scaling parameter but rather as a key
output used to compare performance between scales.
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Scale-down systems have been developed with capacity ratios of 1:100 to
1:400 resulting in membrane area requirements of 10-50 cm2 (Brose et al.,
1996; Rayat et al., 2014). These systems do, however, still require 100s of
millilitres of feed material. Often they do not directly mimic larger scale
operation due to differences in the pump hydrodynamic environment, the
required number of passes, and the magnitudes of shear rate (Meireles et
al., 1991).
1.4.1 Ultra scale-down technologies
Recent efforts have focused on the development of novel ultra scale-down
(USD) technologies to attempt to overcome these challenges. These
technologies use experimentation at the millilitre scale to help understand the
impact of the large-scale process environment. USD conditions may be
defined by critical flow regime analysis combined with bioprocess modelling
of the large scale allowing full-scale trials to be more focused (TitchenerHooker et al., 2008; Rayat et al., 2016). USD techniques often incorporate
the ability to mimic the full-scale shear environment and flow patterns
(Biddlecombe et al., 2007; Reid et al., 2010). They aim to provide an
understanding about the impact of different mechanical or hydrodynamicinduced high stress zones on the stability of biological materials. High stress
zones may include exposure of the product to pumps or valves (Boychyn et
al., 2004; Zhang et al., 2007), air- and/or solid-liquid interfaces (Biddlecombe
et al., 2007), mixing, membrane adsorption, or a combination of the above
(Rayat et al., 2016).
The design of USD devices offers a wider understanding of the effect of
individual parameters by decoupling dependencies, for example, shear
stress in the entry zone of a continuous flow industrial-scale centrifuge,
sedimentation in the settling zone and shear stress during sediment
discharge (Boychyn et al., 2001; Boychyn et al., 2004; Chan et al., 2006).
The use of USD techniques has been described for: chromatography
(Willoughby et al., 2004; Wenger et al., 2007); normal flow filtration
(Reynolds et al., 2003; Lau et al., 2013); and for membrane separation in
normal-flow mode (Jackson et al., 2006; Rayat et al., 2010), and in cross70

flow mode either using pumped flow (Rayat et al., 2014) or in mechanicallyagitated mode using a rotating disc (Ma et al., 2009) (See Appendix 1 for
more details). The latter is also known as the USD membrane shear device
and will be the focus of the next section.
Ultra scale-down membrane shear device
The design of the USD membrane shear device consists of a motorcontrolled rotating disc located above a stationary membrane module in a 1.7
mL sealed chamber. To date, it has been used to study microfiltration for
antibody fragment recovery from clarified E. coli lysates in fed-batch
operation without recycle. Good agreement between the flux and
transmission performance during a fed-batch diafiltration operation has been
achieved with a lab-scale Pellicon 2 system (Ma et al., 2009). Limitations of
this study include the evaluation of only a single shear rate point (ȳav = 3230
s-1) and the difference in membrane surface uniformity between the scales.
The USD device has also been used to characterise human cell recovery
during membrane separation by measuring the impact of cell damage (Masri
et al., 2017).
One important aspect of this device is that even though it operates in deadend mode, it achieves similar levels of shear to cross-flow modes due to the
rotation of the disc. This allows the flow over the membrane to be varied
independently of the transmembrane pressure.
Recycle operation is technically feasible if an alternative pumping system,
such as AKTA crossflow, is used allowing the recycling of the retentate back
to the feed tank prior to entering the stirred cell chamber. However, this
significantly increases the hold-up volume of the system and was found not
practical (Eardley-Patel, 2008; Ma et al., 2009). Batch operation is not
plausible with the current set-up, as a reduction of the feed/retentate tank
volume would result in air-liquid interfaces forming within the chamber. There
is potential for continuous or cascade operations if multiple units were
configured and the product was not retained by the membrane, although
neither option has been explored to this date.
71

Similar geometries including a device with a magnetically-driven impeller and
a 15.7 mL capacity have been studied to evaluate a series of parameters
related to protein separation by Ghosh and Cui (1998). For example, the flux
of a BSA/lysozyme mixture was found to increase using pre-treated
membranes with myoglobin (Ghosh and Cui, 1998b; Ghosh and Cui, 2000b).
Maximum separation and greater fluxes were achieved at high pH, low
concentration, lower transmembrane pressures (Ghosh and Cui, 2000c), and
enhanced by gas sparging (Ghosh and Cui, 1998a).
These initial studies were precursors to the following techniques: pulsed
sample injection (Ghosh and Cui, 2000a); carrier phase ultrafiltration (Ghosh,
2001); and parameter scanning ultrafiltration (Ghosh et al., 2003) to evaluate
more challenging applications. Pulsed sample injection has been used to
study the different phases of BSA membrane fouling (Ghosh, 2002) and
optimal pH and salt concentration for the fractionation of plasma proteins
(Wan et al., 2002). Parameter scanning ultrafiltration has been implemented
to evaluate the separation performance of a monomer/dimer mAb mixture
with different membranes across a range of pH, ionic strengths, stirring
speeds and fluxes (Wan et al., 2005).
Shear rate characterisation
Local shear rates at a given point on the stationary membrane in traditional
rotating disc filters (RDF) can be theoretically estimated using a NavierStokes derived equation for laminar flow (Equation 1-18) or using the Blasius
friction coefficient for a flat plate for turbulent flow (Equation 1-19) (Bouzerar
et al., 2000). The latter can also be used to estimate local shear rates on the
disc (yD) (Equation 1-20) (Murkes and Carlsson, 1988). These estimations
assume that the disc covers the membrane, i.e. the membrane is completely
sheared. The flow above the membrane is estimated to be circular in these
designs.

yM.L = 0.77 r μF -0.5(kN)1.5

Equation 1-18

yM.T = 0.0296 r1.6 μF 0.2 (kN)1.8

Equation 1-19
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1.8

yD = 0.057 r1.6 μF 0.2 (kN)

Equation 1-20

Where y is the local shear rate with subscript M (membrane), D (disc), L
(laminar) and T (turbulent); r is the disc radius; μF is the feed viscosity; k is a
velocity coefficient and N is the rotating disc speed.
Results from computational fluid dynamics (CFD) simulations were
compared to theoretical estimations (Torras et al., 2006). While there was
good agreement between local shear rates for the disc (yD) and results from
CFD simulations, discrepancies arose when estimating the shear rate on the
membrane (yM). This was possibly because there are some areas in the
membrane that are unsheared, as the disc may not fully cover the entire
membrane, and there is radial rather than circular flow. This applied in the
USD membrane shear device and Ma et al. (2009) continued to use CFD
simulations to characterise the device, reporting a correlation (Equation 1-21)
for a microfiltration TFF operation.

ȳav = 2.12 x 10-6 ∙ μF - 0.4 ∙ N1.5

Equation 1-21

The extensive characterisation work of the USD membrane shear device by
Ma et al. (2009) showed high and low shear zones across the membrane
area. This was an important precursor to this thesis reinforcing the need to
redesign the USD device so that all the membrane may be considered to be
exposed to the same shear rate as flat-sheet cassettes.

1.5 Aims and objectives
Constraints in the process material and time available for development mean
it is unfeasible to perform process development studies with high protein
concentrates at full scale. The aim of this thesis is to create an USD
predictive tool, operating in the millilitre scale, which provides processing
insights prior to embarking on full-scale studies.

73

There are four main objectives in this thesis:
1. Characterise and redesign an existing USD device with the help of CFD
tools to create a better mimic of the flow environment near the membrane
surface of a pilot-scale TFF cassette.
2. Establish a characteristic average shear rate as the key scaling parameter
to compare performance between scales.
3. Conduct USD and full-scale TFF diafiltration studies using a monoclonal
antibody solution over a range of shear rates, which may be observed at full
scale. This proof-of-concept study will be used to propose a methodology to
predict membrane performance of full-scale operations.
4. Extend this methodology to ultrafiltration/diafiltration trials, higher feed
concentrations, wider operating parameters, and other monoclonal antibodyderived products.
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Chapter 2 : Materials and Methods
This chapter will detail the systems used to perform the filtration
experiments: the USD membrane shear device, the lab-scale Millipore TFF
and a pilot-scale TFF system. The characterisation of the process solutions
will be described using protein A chromatography, size exclusion
chromatography, and spectrophotometry. The use of CFD simulations will
also be included.

2.1 Materials
2.1.1 Antibody and antibody-derived solutions
Two humanized monoclonal antibodies (IgG1), referred to as mAb-A (~150
kDa, pI 9.0) and mAb-B (~150 kDa, pI 7.6), and one humanised nanobody,
referred to as Nb (~ 60 kDa, pI 8.6), were provided by MSD. These were
supplied as multiple frozen (- 80°C) samples (2 L aliquots, ~ 12 mg/mL for
mAb-A and mAb-B; 20 L aliquot, ~ 5 mg/mL for Nb). These were buffered in
10 mM Sodium Acetate, pH 5.5 (mAb-A), 20 mM Sodium Acetate, pH 5.5
(mAb-B), and 25 mM Tris, 25 mM Sodium Acetate, pH 4.2 (Nb). The frozen
samples were thawed overnight prior to diafiltration into 10 mM TrisAcetate
pH 5.0 buffer (mAb-A and mAb-B) or 10 mM Sodium Acetate pH 5.0 buffer
(Nb). The resulting solutions were used for USD and pilot-scale TFF studies,
these taking place within 24 h of thawing.
2.1.2 Membranes
For monoclonal antibody experiments, USD data were obtained using
membrane filter discs (Ø = 25 mm, Ultracel PLC TM, composite regenerated
cellulose, MWCO 30 kDa, EMD Millipore, Bedford, MA). Lab-scale and pilotscale data were obtained using the same membrane specification (MWCO
30 kDa) in 0.005 m2 and 0.11 m2 respectively (Pellicon XL 50, Ultracel
PLCTKTM; C-screen Pellicon 3, Ultracel PLCTM, EMD Millipore, Bedford, MA).
For nanobody experiments, the same membrane material was used with
smaller pore size (MWCO 10 kDa).
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2.1.3 Buffer preparation
All chemicals used for buffer preparation were from Sigma-Aldrich (St. Louis,
MO) unless otherwise stated. Buffers were vacuum filtered prior to use
(SteritopTM vacuum bottle-top filters, 0.22 µm pore size, EMD Millipore,
Bedford, MA).

2.2 Ultra scale-down membrane shear device
2.2.1 Equipment
The USD device was designed and fabricated in house (RDFF, (Rapid
Design and Fabrication Facility), Department of Biochemical Engineering,
UCL, UK) and is detailed in Figure 2-1. The device comprises a perspex
chamber (h = 56 mm, Ø = 25 mm, 1.7 mL capacity) with a stainless steel
base which includes a support frit to accommodate the membrane disc, a
permeate outlet port, and a jacketed-housing to achieve a controlled
temperature environment within the chamber. Stainless steel rotating discs of
various designs (Ø = 15 mm) could be mounted at a specified distance (from
0.8 to 2.0 mm) above the membrane surface. For a one-off experiment, an
alternative design for the USD device was evaluated with the following
dimensions: h = 193 mm, Ø = 25 mm, 6.3 mL capacity. The design of this
larger USD device was achieved by increasing the height above the disc
while maintaining the remaining of the chamber geometry.
The USD device (Figure 2-2F) is one out of seven components of the USD
system. A recirculating water bath (211-131-100, Fisher ScientificTM,
Loughborough, UK) is used to control the chamber temperature (Figure
2-2A). The perspex chamber of the USD is equipped with three ports, each
for a particular purpose. One is for a thermocouple data logger (EL-GFX-TC,
Lascar Electronics Ltd, Wiltshire, UK) (Figure 2-2B), through which the
chamber temperature can be monitored online. A second port is used for a
pressure sensor (40PC100G2A, Honeywell Sensors and Control, Golden
Valley, USA) (Figure 2-2C), which is connected to a multifunction data
acquisition device (National Instruments Corporation Ltd, Berkshire, UK)
(Figure 2-2D).
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Figure 2-1 Layer-by-layer of the ultra scale-down membrane shear device. There
are ten main components: (A) motor; (B) perspex chamber with three ports; (C)
pressure sensor; (D) feed syringe pump connector; (E) thermocouple; (F) rotating
disc; (G) membrane; (H) seal; (I) filtration base; (J) housing for cooling system; and
(K) permeate outlet. Note that the drawing is not drawn to scale (Adapted from
Chatel, 2014 (page 91)).
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Figure 2-2 Components of the ultra scale-down system where: (A) is a recirculating
water bath, (B) a thermocouple data logger, (C) a pressure sensor, (D) a
multifunction data acquisition device, (E) a syringe pump, (F) the ultra scale-down
membrane shear device, and (G) a top-mounted stepper motor. Flowsheet (I)
shows the flowsheet taken for the manual constant transmembrane pressure mode
experiments (Photographs from the laboratory equipment taken at the labs of Merck
Sharp & Dohme Corp., a subsidiary of Merck & Co., Inc., Kenilworth, NJ, USA
(MSD)).
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The third port is used for the feed from a syringe pump (Harvard PHD Ultra
Syringe pump 4400, Harvard Apparatus Ltd, Edenbridge, UK) (Figure 2-2E).
The disc of the device is driven at a specified speed up to 5,000 rpm using a
top-mounted stepper motor (D8-MD81-011, M-1713-1.5S Schneider Electric
Motion, Marlborough, USA) (Figure 2-2G).
2.2.2 Membrane blanking
Selected areas of the membrane filter were blanked to reduce the effective
membrane area using two approaches:
Adhesive blanking
Adhesive blanking (AB) involved firstly removing the non-sticky packing
followed by manual alignment of 0.1 mm-thick biologically inert adhesives,
i.e. stickers (1516, 3MTM, Loughborough, UK) of different dimensions onto
predefined locations on the membrane surface.
Metal disc blanking
Metal disc blanking (MB) required the positioning of 0.1 mm-thick stainless
steel inserts (SS16, Advanced Chemical Etching (ACE), Shropshire, UK) in
specified locations on the membrane. These were placed using a custombuilt mould (RDFF, UCL, UK) with a vacuum pick-up tool (624-9829, RS
Components, Northants, UK) and held in place to fix location using a medical
grade glue (Loctite 4011, Henkel AG & Co, KGaA).
2.2.3 Operation
All experiments were carried out at a controlled temperature of 20.0 ± 0.5 °C
by circulating cooling water (10.0 °C) through the jacketed-base of the USD
device. In all operations, the permeate flux, J, was determined from the
permeate flow rate set by the syringe pump. For each USD run, a new prewetted filter disc was placed during the set-up of the USD system. The
protocol below is written for the USD standard chamber (1.7 mL), as it was
the default configuration for the USD experiments. The one-off experiments
using the large USD chamber (6.3 mL) followed the exact same steps but
required 3.7-larger volumes and flow rates at each step. Four main steps
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were followed for each USD run at each disc speed tested: (1) the wash
stage with water, (2) the buffer equilibration stage, (3) the protein run, and (4)
the cleaning step.
During the wash stage with water (1), ~ 9 mL of ultra-pure water was flushed
at 0.3 mL/min for 30 minutes. The membrane resistance, R M, was
determined from the flux rate of ultra-pure water required to reach either a
set transmembrane pressure, ΔPTMP, or a set permeate volume, VP. During
the buffer equilibration step (2), the USD system was flushed with 9 mL
either of the diafiltration buffer (for diafiltration operations) or the feed buffer
(for concentration operations), at 0.3 mL/min for 30 minutes to equilibrate the
system.
During the protein step (3), the stirred cell chamber was manually filled with a
feed volume of 1.7 mL of the antibody solution. The chamber was fed with
either feed solution (concentration experiments) or diafiltration buffer
(diafiltration experiments) from the syringe pump. Depending on the mode of
operation, the syringe pump was set to reach a set time (constant flux) or a
set volume (constant transmembrane pressure), further discussed below.
The total resistance, RT, was determined from the flux rate and the
transmembrane pressure throughout the protein run. Upon completion, the
protein solution was collected manually from the stirred cell chamber. The
system was then visually inspected for protein deposits after each run.
During cleaning (4), the USD system was flushed with 0.1 M NaOH at 0.3
mL/min for 30 minutes at N = 3000 rpm. The system was then drained,
rinsed with ultra-pure water for 5 minutes at the same conditions and the
membrane was discarded. The cleaning operating conditions were
maintained for every run independently of the chosen operating mode. The
system was stored at room temperature until the next experimental run.
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Operating mode
Constant flux mode
Preliminary USD experiments were carried out in constant flux mode. The
flux was maintained constant by fixing a flow rate, and thus time in the flowcontrolled syringe pump. The transmembrane pressure measurements were
recorded online every 0.02 min using LabVIEW Signal Express.
Diafiltration experiments were conducted with: (1) ultra-pure water at a
constant flux of 50 LMH (variable flow rate due to variable area) during 10
mins, and (2) a 12 mg/mL mAb-A solution at a constant flux of 50 LMH
during 41 mins (≈ seven diafiltration volumes).
Manual constant transmembrane pressure mode
A series of USD diafiltration experiments were performed in constant
transmembrane pressure mode controlled manually. Manual constant
pressure operation was attained by monitoring the disc speed every five
minutes and, adjusting in 100 rpm-increments to maintain the set
transmembrane pressure within a 10% range. The flowsheet used is detailed
in Figure 2-2I. The syringe pump was programmed with the defined flow
rates. These were used to determine the flux.
Automated constant transmembrane pressure mode
All the USD experiments, which were compared to full-scale TFF trials, were
run in automated constant transmembrane pressure mode. This was enabled
using the pressure sensor to determine the syringe pump setting (LabVIEW
2015, National Instruments Corporation Ltd, UK). This bespoke feedbackloop algorithm, created by Dr. Anand Pallipurath Radhakrishnan, acquired
data from the pressure measurements (obtained from the sensor located in
the chamber) and compared these data continuously to the set point,
typically a ΔPTMP of 1.0 bar, within a set range, e.g. 2%. If the recorded
pressure fell outside this range, the flow rate of the syringe pump was
automatically adjusted in individual iterations by a set gain, typically 1%, until
the measured pressure lay within the allowable range.
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Figure 2-3 Ultra scale-down system operating in fed-batch configuration where: (A)
is concentration and (B) is diafiltration experiments.
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Concentration experiments

In this mode, the flow rate of the feed solution (Figure 2-3A) was adjusted to
maintain the set ΔPTMP until the volume concentration factor, or the target
mass loading (i.e. total feed volume to be processed), were reached. The
flux was determined from the syringe pump and recorded every 0.02 min for
each disc speed tested.
Diafiltration experiments

The flow rate of the diafiltration buffer was adjusted to maintain the set ΔPTMP
until typically seven diafiltration volumes were attained in a fed-batch
operation without recycle (Figure 2-3B). The flux was determined from the
syringe pump and recorded every 0.02 min for each disc speed tested.

2.3 TFF system
2.3.1 Equipment
Lab-scale TFF systemTM
The lab-scale TFF systemTM was fitted with a 0.005 m2 membrane cassette
and operated using a diaphragm pump (XX42PMP01, Lab-scale pump
module TFF system, EMD Millipore, MA) (Figure 2-4A). The crossflow rates
were manually calibrated across a range of rotation speeds of the pump. The
pressure measurements were recorded manually every five minutes from the
gauges located in the feed and retentate lines. The permeate line was left
open to atmosphere.
The diafiltration tank (1 L) and the feed tank (0.5 L) were linked via a
peristaltic pump (Masterflex® L/STM, Cole-Parmer Instrument Company,
Vernon Hills, IL). The set mean transmembrane pressure drop, ΔP̅TMP, was
achieved through manual adjustment of a pinch-valve on the retentate line.
All lab-scale TFF trials were performed at 20.0 ± 1.0 °C (room temperature).
The flux, J, was manually determined by measuring the mass of the
permeate every five minutes.
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Figure 2-4 Components for: a (A) lab-scale TFF systemTM with diaphragm pump and
a (B) pilot-scale TFF system with positive displacement pump. (Photographs from
the laboratory equipment taken at the labs of Merck Sharp & Dohme Corp., a
subsidiary of Merck & Co., Inc., Kenilworth, NJ, USA (MSD)).

84

Pilot-scale TFF
A purpose-designed TFF unit was used for pilot-scale studies (PendoTECH
TFF Process Control SystemTM, PendoTECH, Princeton, NJ) fitted with a
membrane cassette and operated using a quaternary diaphragm, namely a
positive

displacement

type

(QuattroFlowTM

150S,

Triangle

Process

Equipment, Wilson, NC) (Figure 2-4B). For two experiments, a rotary lobe
pump (200-576, UNIBLOC®-PD, Unibloc-Pump, Inc, Marietta, GA) was used
instead.
Pressure

was

measured

by

sensors

(PREPS-N-025,

PendoTECH,

Princeton, USA) located in the feed and retentate lines. The permeate line
was left open to the atmosphere. The diafiltration tank (10 L) and the feed
tank (1 L) were linked via a peristaltic pump (Masterflex® L/S TM, ColeParmer Instrument Company, Vernon Hills, IL). The set ΔP̅TMP was achieved
through automatic adjustment of a pinch-valve on the retentate line. All pilotscale TFF trials were performed at 20.0 ± 1.0 °C (room temperature). The
flux, J, was determined from online measurements of the mass of the
permeate every 0.1 minutes.
2.3.2 Operation
The same procedure was used for both the lab-scale and the pilot-scale TFF
experiments. The storage solution (0.1 M NaOH) was firstly drained from the
system and the inline cassette was replaced by a new one. Similarly to the
operation for the ultra scale-down system, four main steps were followed for
each TFF run at each crossflow rate tested: (1) the wash stage with water,
(2) the buffer equilibration stage, (3) the protein run, and (4) the cleaning
step.
During the wash stage with water (1), a full recirculation cycle followed by a
cycle with the permeate line open were performed. The pilot-scale TFF
system used ~ 1.0 L of ultra-pure water to flush the cassette storage solution
at a crossflow rate, QF, of 0.4 L/min in each cycle. The lab-scale TFF system
used ~ 50 mL at a crossflow rate, QF, of 0.02 L/min in each run.
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The membrane resistance, RM, was determined from the flux rate of ultrapure water required to reach a ΔP̅TMP of 1.0 bar. During the buffer
equilibration step (2), the system was flushed with the diafiltration buffer (for
diafiltration operations) or with the feed buffer (for concentration operations).
The same volume and crossflow rate as the wash stage with ultra-pure water
was used.
During the protein run (3), the feed tank in the system was manually filled,
avoiding foam formation, with a feed volume of 0.89 L (pilot-scale TFF) or
0.041 L (lab-scale TFF) of the antibody solution. A one-off pilot-scale TFF
experiment was conducted using a lower feed/retentate tank volume (0.20
L). Concentration and diafiltration operations were performed at a ΔP̅TMP of
1.0 bar unless otherwise stated. All experiments were run in fed-batch mode.
For concentration operations, the feed solution was fed to maintain the
feed/retentate tank volume constant until the volume concentration factor, or
the target mass loading (i.e. total feed volume to be processed), was
reached. For diafiltration operations, the diafiltration buffer was fed to
maintain the feed/retentate tank volume constant for seven diafiltration
volumes (DV) unless otherwise stated. The total resistance, RT, was
determined from the flux rate and the transmembrane pressure throughout
the protein run. Upon completion of the experiment, the retentate was
collected from the feed/retentate tank.
During the cleaning step (4), 0.1 M NaOH was flushed for 30 minutes at QF =
0.4 L/min (Pilot-scale TFF) and QF of 0.02 L/min (Lab-scale TFF). The
system was primed and stored at room temperature in 0.1 M NaOH until the
next experimental run.

2.4 Analytical techniques
2.4.1 Protein A chromatography
Protein concentration data were obtained using a 1 mL column (HiTrap
Protein

A HP MabSelect

®

Xtra,

GE Healthcare

Life

Sciences,

Buckinghamshire, UK). Calibration was performed using known dilutions of
IgG1 standard solutions at a concentration of 3.74 mg/mL. These, stored at 80 ˚C, were thawed and gently vortexed before use. Samples were diluted,
86

vortexed and filtered using 0.22 µm PVDF syringe filter. They were then
loaded within 1hr of the completion of each experimental run onto a Nunc 96well plate with a fitted Nunc silicone lid, which was placed in an auto cooler
sampler at 4˚C for the entire duration of analysis. A 20 mM Sodium
Phosphate pH 7.0 buffer was required for loading and equilibration stages.
Elution of the product was achieved by using a 20 mM glycine pH 2.8 buffer.
The quantity of eluted product was measured by recording absorbance at
280nm and integrating the area of the product peak areas (elution time ~ 5.7
min) (Agilent 1200 Chemstation, Agilent Technologies UK Ltd, West Lothian,
UK). The system was rinsed and primed pre- and post-run at 0.5 mL/min
firstly with ultra-pure water and then with 0.1 M ethanol, each step for ten
minutes. The column was removed from the system and stored in 0.1M
ethanol solution at -20°C. It was replaced after ~ 500 injections. The system
was stored fully primed in 0.1 M ethanol at room temperature. Buffers were
replaced every week. Two measurements per sample were performed (m=2).
This method was developed by mammalian cell research group members at
UCL.
2.4.2 Size-exclusion chromatography
Protein aggregates were quantified by performing ultra-pressure sizeexclusion chromatography (UP-SEC) using a size-exclusion column (YMC
Pack-Diol 120, 5µm, 8 x 300 mm, YMC, Kyoto, Japan). Calibration was
performed by eluting a known product mix which resulted in a high-molecular
weight peak before 13.5min, a dimer peak at ~13.5min, a monomer peak at
~15.5 min, and a fragment peak from ~16.5 to ~19 min. The samples were
diluted to 1 mg/mL with the same buffer as the feed solution. They were
loaded onto a size exclusion column targeting an injection mass of 5 µg
within 1hr of the completion of each experimental run. A single buffer (50 mM
Sodium Phosphate, 200 mM Sodium Chloride, pH 7.0) was required to load
and to elute the product. The level of aggregation was measured by
recording absorbance at 214 nm and integrating the product peak areas.
This was performed automatically (Agilent 1200 Chemstation, Agilent
Technologies). The change in monomer, dimer and higher configurations
were determined between the feed (unprocessed) and retentate (processed)
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samples. The column was stored inline and was replaced after ~ 500
injections. The system was a walk-up system and was stored in 10%
methanol at room temperature between uses. Buffers were replaced every
week. Two measurements per sample were performed (m=2).
2.4.3 Ion-exchange chromatography
The analytical ion exchange chromatography method was comprised of a
cation exchange MabPac SCX-10 column (DionexTM, Thermo Scientific,
Waltham, MA, 4.6 mm × 250 mm), set-up on an Agilent 1200 HPLC system
(Agilent Technologies) with the column temperature maintained at 35°C. The
main monomer peak was separated from the acidic and basic mAb variants
using the following linear gradient at a flow rate of 0.5 mL/min: Mobile Phase
A: 25 mM MES pH 5.8; Mobile Phase B: 30 mM Sodium Phosphate, pH 8.0;
Mobile Phase C: 15 mM EDTA, 40 mM Tris, 10 mM CHES, 150 mM Sodium
Chloride, pH 8.1. UV absorbance at 280 nm was recorded during each 60μg
injection and peaks were integrated using Empower software (Waters). The
monomer purity percentage was determined by the main monomer peak
area divided by the total peak area. The acidic or basic variant percentages
were determined by the sum of the acidic or basic variant peak areas divided
by the total peak area. The column was stored inline and was replaced after
~ 500 injections. The system was a walk-up system and was stored in 10%
methanol at room temperature between uses. Buffers were replaced every
week. Single measurements per sample were performed (m=1).
2.4.4 Viscometer
The viscosity of processed materials was determined using a capillary
rheometer (m-VROC, RheoSense ©, San Ramon, CA). The temperature of
the viscometer chamber was allowed to reach 20.00 ± 0.05 °C prior the
measurement. A glass syringe was carefully filled with 500 µL of the desired
solution, and then positioned in the allocated slot in the chamber ready for
the measurement. A range of shear rates from 1000 to 7000 s-1, in 1000 s-1
intervals each for 20 seconds, were explored. The system was calibrated
each time with ultra-pure water for five minutes prior to evaluating the
viscosity of the protein solution. The system was cleaned between samples
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with Aquet detergent for two minutes at 2000 s-1. The final cleaning step
required a 10 minute Aquet detergent cycle at 2000 s-1. This was discarded,
the system was fully primed with Aquet and stored at room temperature.
Three measurements per sample were performed (m=3).
2.4.5

Spectrophotometer

Optical density (OD) measurements at a wavelength of 650 nm were
performed for turbidity measurements using a standard spectrophotometer
(SpectraMax Plus® 384 Microplate Reader, Molecular Devices LLC, San
Jose, CA). The samples were diluted in 10-fold increments until an
absorbance value between 0.1 and 0.8 was measured. Three measurements
per sample were performed (m=3) at room temperature.

2.5 Computational methods
Shear rate analysis for flow in the USD stirred cell was performed using
computational fluid dynamics (Ansys, Inc., CFX version 17.0, Canonsburg,
PA run on an Intel ® Xeon ® CPU E5-2687W with two processors of 3.4 GHz
with 256 Gb RAM memory). Isothermal conditions were assumed as well as
the fluid being incompressible. A quarter of the disc was modelled as a 3D
cross section as it was rotationally symmetric. The rotating disc was set as
an individual wall boundary with no slip conditions. The model selected was
shear stress transport (SST), i.e. a combination of k-ε (which provides an
initial overview of the flow conditions) and k-ω (which improves accuracy of
the results by solving the basic momentum transport equations in radial, axial
and azimuthal components, particularly near the chamber wall and the
boundaries) (Ansys, 2015). Convergence with the selected model was
attained in every simulation. Similar applications for rotating disc filters (RDF)
have been reported to also use k-ω based models (Wilcox, 2006).
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Chapter 3 : Characterization of the ultra scale-down
membrane shear device
3.1 Introduction
The use and value of computational fluid dynamic (CFD) tools for the flow
characterisation of full-scale equipment has been reported in, for example,
upstream (Pollard et al., 2007) and downstream stages (Jain et al., 2005; Ji
et al., 2016). CFD tools have also been implemented to analyse the flow
environment of smaller systems, including USD devices, and improve their
predictability of the performance of full-scale operations. For example,
Boychyn et al. (2001, 2004) investigated the flow environment of the USD
shear device to mimic centrifugation operations. Ma et al. (2009) included an
overview of the shear rate profiles of the USD membrane shear device. This
device, based on the use of rotating disc filter (RDF) devices, hopes to mimic
traditional membrane filtration TFF systems by attaining equivalent levels of
shear and mass transfer (Lee et al., 1995).
The objective of this chapter is to extend the work conducted by Ma et al.
2009 and to redevelop the USD membrane shear device improving its
comparability with flat-sheet cassettes. The main rationale behind the
redesigning stages was to attain a sufficiently uniform flow environment
across the membrane surface in the USD system to resemble that in a pilotscale TFF system.
This chapter will describe an analysis of the flow patterns of the USD design
using CFD software. Three key parameters will be evaluated: the distance
between the tip of the disc and the membrane surface (D1), the distance
between the edge of the disc and the membrane surface (D 2), and the
conical angle of the rotating disc (ϴ). This analysis will lead to the description
___________________________________
*Some of the results in this chapter are included in:
Fernandez-Cerezo, L., Rayat, A., Chatel, A., Pollard, J., Lye, G., Hoare, M. (2019) An ultrascale down method to investigate the flux performance of tangential flow filtration (TFF)
using ultrafiltration membranes. Biotechnology and Bioengineering. 116(1): 581-590
(https://doi.org/10.1002/bit.26859)
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of the intermediate design with reduced high shear rate regions.
The use of blanking will then be discussed as an approach to blank off the
existing low shear rate areas. A final blanked design will be proposed and
characterised across a range of disc speeds and viscosities.

3.2 Parameter selection
The geometries of the initial design of the USD membrane shear device are
illustrated in Figure 3-1. These dimensions were unchanged in all simulations
unless otherwise noted. The various combinations of the parameters tested
in Figure 3-2 were assessed through trial-and-error using as initial values
those suggested by the simulation package. The simulations for all the USD
membrane shear device designs were defined after evaluating four main
considerations: (A) the number of mesh elements; (B) the root mean square
(RMS); (C) the number of iterations; and (D) the degree of precision, given in
Figure 3-2.
There is a trade-off between the computational power required for each
simulation, processing time and accuracy of the results. These parameters
were decided by selecting the highest value of each parameter beyond which
there was a negligible difference (< 1%) in shear rate profiles across the
membrane surface. Satisfactory accuracy was achieved for acceptable
processing time (< 10 h computational power units (CPU) in parallel mode)
for 10 million-elements sized mesh, a RMS of 1 e-4 s-1, during 200 iterations,
and with single precision runs. These conditions were selected for the
simulations hereafter. Simulations with 3 million elements (Figure 3-2A) and
100 iterations (Figure 3-2C) were eliminated due to a lack of accuracy. The
remaining simulations were discarded due to their high computational power
requirements.
Shear rate calculation
Cross-sectional (XY) and longitudinal plane (XZ) images used to compare
flow environments of the different designs using CFD simulations are shown
in Figure 3-3A and Figure 3-3C respectively.
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Figure 3-1 Dimensions of the initial design of the USD membrane shear device. The
following dimensions are annotated: (a) is the distance between disc and the top of
the chamber; (b) is the thickness of the disc; (c) is the distance between the disc
edge and the membrane surface; (d) is the distance between the disc tip and the
membrane surface; (e) is the disc radius; and (f) is the chamber radius. Note that
the units are in mm (Ma et al., 2009; Masri et al., 2017).

Figure 3-2 Effect of model parameters on the shear rate at the membrane surface
as a function of radial distance from the centre of membrane during model set-up.
The parameters evaluated are: (A) mesh size, (B) root mean square (RMS), (C)
number of iterations and (D) degree of precision. These simulations are run with the
initial design configuration (D1 = 0.63 mm, D2 = 1.08 mm and ϴ = 3.4°) at a disc
speed of 5000 rpm and a material viscosity of 0.000894 Pa s. The default
parameters for the simulations are a mesh size of 10 million elements; a RMS of 1e4

s-1; 200 iterations; and single precision, unless specified.
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Figure 3-3 Data acquisition method from CFD simulations. The images shown are:
(A) a cross-sectional plane, (B) point average shear rates, yav , as a function of
radial distance across the membrane, (C) a longitudinal plane at 0.1 mm from the
membrane surface and (D) a 0.1 mm height of fluid across the active membrane
area, (selected to match that in a flat-sheet cassette). A characteristic average
shear rate (ȳav) was calculated from image (D) accounting for individual shear rate
values across the entire membrane surface area. In these preliminary simulations,
this value was in good agreement with the average of individual sections accounting
for

the

corresponding

area (yav = yav.i * (

π∙ro2 - π∙ri 2
π∙rT2
N

difference

in

percentage

of

membrane

) where ri is the inner radius, ro the outer radius, and rT the

total radius) i.e. sections with higher radii account for more of the total membrane
area than sections with smaller radii. Histograms for all CFD figures were developed
by using data from (B).
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Using the cross-sectional plane (Figure 3-3A), the 0.1 mm-height of fluid
above the membrane surface is divided into eleven equal 0.95mm –wide
elements (Figure 3-3B). The average shear rate in each of these elements
(y̅ av.i ) is determined to represent the average shear rate profile in histogram
format along the radial distance across the membrane (Figure 3-3B). A
volume of 0.1 mm-height of fluid over the membrane area (Figure 3-3D) is
determined below the longitudinal plane and is selected to represent the
characteristic average shear rate (ȳav) for each simulation.
A distance of 0.1 mm above the membrane surface was chosen as
representative of shear effects affecting membrane performance. Shear
rates further away from the membrane are an order of magnitude lower and
largely unaffected by the disc operation. This distance (0.1 mm) is similar in
magnitude to the corresponding distance above the membrane surface per
membrane sheet in a flat-sheet TFF cassette as estimated by Equation 1-2
(Figure 1-8) and reported by Lutz, 2015.

3.3 Initial design description and characterization
The initial design of the USD membrane shear device was inherited from two
previous UCL projects (Ma et al., 2009; Masri et al., 2017). This initial design
has the following dimensions: a conical disc (ϴ = 3.4°) at a distance from the
membrane surface to the disc tip (D1 = 0.60 mm) and disc edge (D2 = 1.10
mm). This narrow gap was thought to offset the lower angular velocities and
give a uniform shear rate profile across the membrane surface. A crosssectional view of the initial design of the USD membrane shear device is
seen in Figure 3-1. The main geometries used to compare the flow uniformity
across simulations are shown in Figure 3-4. They include the disc angle (ϴ),
and the distances between the membrane surface and the disc tip (D 1) and
between the membrane surface and the disc edge (D 2). Flow conditions for
this initial design (Ma et al., 2009) were characterized in terms of shear rate
using CFD simulations.
A flow vortex is predicted to form between the disc edge and the chamber
wall (Figure 3-5) reaching maxima regions directly below the edge of the disc
(ymax = 3x104 s-1) and minimum shear rate region at the centre and at the
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outer edge of the membrane surface (y min = 0.1x104 s-1). This design
portrayed a sharply profiled non-uniform shear rate distribution as seen in
Figure 3-5(ii) due to the range of shear rates across the membrane surface.
The majority of the radial flow is seen above the disc only covering a small
fraction of the membrane. This contributes to the formation of dead zones
and a non-uniform shear rate environment. The need to improve the
membrane uniformity gave rise to the study of other designs.

3.4 Parameter evaluation
Two parameters were evaluated; the distance between the tip of the disc and
the membrane surface (D1) and the disc angle (ϴ). These were tested one at
a time to gain understanding of their individual impact on flow uniformity. It is
recognised that this approach may involve drawbacks such as only testing a
small subset of a design space. A multi-variate approach, such as Design of
Experiments (DoE), is probably a better tool to use for a wider design space.
3.4.1 Analysing the distance between the disc tip and membrane
surface (D1) and disc angle (ϴ)
The effect of the distance of the tip of the disc from the membrane surface
(D1) was evaluated with a view to increasing the radial flow to cover greater
portions of the membrane surface (Figure 3-6). The uniformity of the
longitudinal shear improved radially as the distance, D 1, increased from 0.40
to 1.00 mm.
From the simulations studied, the distance D 1 = 1.00 mm (Figure 3-6D)
yields the most uniform shear distribution and best coverage of radial flow
across the membrane surface. At D1 = 1.00 mm, flow distribution appeared to
be uniform either side of the disc. Simulations with D1 > 1.0 mm were
therefore not included in this study as relatively uniform flow and equal volume
distribution above and below the disc were attained.
The same effect, i.e. improvement in shear rate uniformity, was also seen
when the disc angle, ϴ, was increased from 1.0 to 10.0° (Figure 3-7).
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Figure 3-4 Main geometries used to compare different simulations. The key
dimensions of the initial design in Figure 3-1 are: D1 = 0.6 mm, D2 = 1.1 mm and ϴ
= 3.4°. Note that the sketch represents a cross-sectional plane of the USD
membrane shear device. The diagram is not drawn to scale.

Figure 3-5 Characteristics of shear rate profile using CFD simulations of the initial
design for a disc speed of 10000 rpm and a viscosity of 0.003 Pa s. Shear rate flow
vectors are shown in two different planes; (i) cross-sectional, (ii) longitudinal at 0.1
mm above the membrane surface. Also shown: (iii) the profile of average shear
rates of fluid elements with a characteristic overall average shear rate (ȳ av) over the
membrane. Details of the acquisition of images and data for histograms are
described in Figure 3-3.
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Figure 3-6 Effect of the distance between the tip of disc and the membrane surface
(D1) on shear rate profiles using CFD simulations for a disc speed of 10000 rpm and
a viscosity of 0.003 Pa s. D1 values are: (A) 0.40 mm, (B) 0.63 mm, (C) 0.80 mm,
and (D) 1.00 mm. Details of the acquisition of images and data for histograms are
described in Figure 3-3. Note that (B) illustrates the initial design. These simulations
are run at a constant ϴ = 3.4° and the geometries specified in Figure 3-1.

Figure 3-7 Effect of the disc angle (ϴ) on shear rate profiles using CFD simulations
for a disc speed of 10000 rpm and a viscosity of 0.003 Pa s. ϴ values: (A) 1.0°; (B)
3.4°; (C) 6.8°; and (D) 10.0°. Details of the acquisition of images and data for
histograms are described in Figure 3-3. Note that (B) illustrates the initial design.
These simulations are run at a constant D 1 = 0.63 mm and the geometries specified
in Figure 3-1.
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The simulations with the most uniform shear rate distribution are given with
ϴ = 6.8° (Figure 3-7C) and ϴ = 10.0° (Figure 3-7D). There is little difference
between these simulations meaning that the improvement in uniformity of
shear rate distribution is largely attained at the lower disc angle, ϴ = 6.8°
(Figure 3-7C).
Simulations for those designs where the shear rate is relatively uniform
(Figure 3-6D, Figure 3-7C and Figure 3-7D) have one thing in common, D2,
namely the distance between the edge of the disc and the membrane
surface, is above 1.45 mm (Table 3-1). This proved to be a critical distance to
enable the uniformity improvement of the flow vortex to cover greater
portions of the membrane. Figure 3-8 compiles these three simulations.
These selected designs have a relatively uniform shear rate distribution in
radial flow around the disc and across the membrane surface. A difference <
5% in ȳav exists between the designs.
3.4.2 Analysing the distance between the disc edge and membrane
surface (D2) and disc angle (ϴ)
Upon identification of the critical distance between the edge of the disc and
the membrane surface (D2), several simulations at different combinations of
D2 and disc angle, ϴ, were run. The effect of increasing D2 was similar for
the three disc angles tested (Figure 3-9, 3-10 and 3-11). Raising the disc
when D2 ≥ 1.35 mm (Figure 3-9C, Figure 3-10C and Figure 3-11C), allowed
the flow vortex to be uniformly distributed particularly below the disc and thus
covering a greater part of the membrane.
Interestingly, as long as D2 was maintained above the aforementioned critical
value, the disc angle was insignificant and did not change the uniformity or
extent of flow over the membrane. This led to the decision of the dimensions
of the final design, which will be discussed in the following section.
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Table 3-1 Difference between D1, disc angle, and D2 for simulations detailed in
Figure 3-6 and Figure 3-7.

Figure 3-8 Effect of selected USD device designs on shear rate profiles using CFD
simulations for a disc speed of 10000 rpm and a viscosity of 0.003 Pa s. Different
combinations (D1, ϴ) are studied: (A) 1.00 mm, 3.4° (Figure 3-6D); (B) 0.63 mm,
6.8° (Figure 3-7C); (C) 0.63 mm, 10.0° (Figure 3-7D). Details of the acquisition of
images and data for histograms are described in Figure 3-3.

.
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Figure 3-9 Effect of the distance between the edge of disc and chamber wall with ϴ = 0° on shear rate profiles using CFD simulations for a disc
speed of 5000 rpm and a viscosity of 0.003 Pa s. D2 values: (A) 0.80 mm; (B) 1.20 mm; (C) 1.35 mm; (D) 1.50 mm; and (E) 2.00 mm. Details of
the acquisition of images and data for histograms are described in Figure 3-3.

100

Figure 3-10 Effect of the distance between the edge of disc and chamber wall with ϴ = 3° on shear rate profiles using CFD simulations for a
disc speed of 5000 rpm and a viscosity of 0.003 Pa s. D2 values: (A) 0.80 mm; (B) 1.20 mm; (C) 1.35 mm; (D) 1.50 mm; and (E) 2.00 mm.
Details of the acquisition of images and data for histograms are described in Figure 3-3.
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Figure 3-11 Effect of the distance between the edge of disc and chamber wall with ϴ = 6° on shear rate profiles using CFD simulations for a
disc speed of 5000 rpm and a viscosity of 0.003 Pa s. D2 values: (A) 0.80 mm; (B) 1.20 mm; (C) 1.35 mm; (D) 1.50 mm; and (E) 2.00 mm.
Details of the acquisition of images and data for histograms are described in Figure 3-3.
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3.5 Final design
3.5.1 Description
After the analysis of the effects of D1, D2, and ϴ, a final design for the USD
membrane shear device was decided. The dimensions of the transition from
the initial design (Ma et al., 2009) to an intermediate design with a raised
disc and subsequently to the final design with a flat disc are summarised in
Figure 3-12.
In the initial design (Figure 3-13A), a flow vortex is predicted by CFD to form
between the edge of the disc and the chamber wall. A maximum shear rate
region is estimated to lie directly below the disc edge resulting in a sharply
non-uniform shear rate radial profile across the membrane. This profile at a
disc speed of 2500 rpm resulted in ymin = 300 s-1 and ymax = 7600 s-1 (Figure
3-13Aiii). In the intermediate design (Figure 3-13B), the flow vortex covers a
much greater portion of the membrane surface reaching areas below the
disc. This is due to the raised disc being set with D 2 above the critical value.
The uniformity of shear rate is significantly improved albeit still with a sharp
profile (ymin = 300 s-1 and ymax = 3000 s-1 at a disc speed of 2500 rpm in
Figure 3-13Biii). In the final design (Figure 3-13C) where a flat disc is used
instead of a conical disc, similar flow characteristics are obtained as for the
intermediate design (ymin = 200 s-1 and ymax = 3000 s-1 at a disc speed of
2500 rpm in Figure 3-13Ciii). The characteristic average shear rates (ȳ av)
were predicted by CFD for a range of disc speeds up to 10000 rpm (Table
3-2).
3.5.2 Initial characterisation of the performance
The performance of the final design (Figure 3-13C) was characterised by
comparing pressure versus time profiles with that of the initial design (Figure
3-13A). Constant flux operations were set up for ultra-pure water and a 12
mg/mL mAb solution over a range of disc speeds, from 2500 to 10000 rpm,
for both designs.
No difference was seen in the ultra-pure water pressure measurements
between the designs (Figure 3-14A).
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Figure 3-12 Dimensions of the initial, intermediate and final design of the USD
membrane shear device. New dimensions are highlighted in bold showing changes
between the (A) initial (Ma et al., 2009), (B) intermediate and (C) final design.

Figure 3-13 Effect of the USD device design on shear rate profiles using CFD
simulations for a disc speed of 2500 rpm and a viscosity of 0.0013 Pa s. Designs
studied: (A) Initial, D1 = 0.6 mm, D2 = 1.1 mm, ϴ = 3.4°; (B) Intermediate, D1 = 1.6
mm, D2 = 2.0 mm, ϴ = 3.4°; and (C) Final, D1 = D2 = 2.0 mm, ϴ = 0°. Details of the
acquisition of images and data for histograms are described in Figure 3-3.
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Table 3-2 Characteristic average shear rates for the selected disc speeds obtained
from CFD simulations at a viscosity of 0.0013 Pa s. The geometries used for the
initial design are D1 = 0.6 mm, D2 = 1.1 mm and ϴ = 3.4° and for the final design D1
= D2 = 2.0 mm and ϴ = 0.0°. The values for the 2500 rpm runs are obtained from
Figure 3-13Aiii (initial, (Ma et al., 2009)) and Figure 3-13Ciii (final).
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Figure 3-14 Effect of the disc speed and the USD device design on pressure during
experimental studies. Pressure profiles of: (A) water runs; (B) protein runs; and (C)
the differential attributable to protein gel layer, ∆P (the difference between (B) and
(A)) are included for the disc speeds: (i) 2500 rpm; (ii) 4000 rpm; (iii) 6000 rpm; and
(iv) 10000 rpm. The geometries for the initial design are: D 1 = 0.6 mm, D2 = 1.1 mm,
ϴ = 3.4°, and for the final design: D1 = D2 = 2.0 mm ϴ = 0.0°. The water runs were
performed with ultra-pure water with a viscosity of 0.00104 Pa s at a constant flux of
50 LMH. The protein runs were performed in diafiltration mode, reaching 7 DV at
constant flux of 50 LMH. A 12 mg/mL mAb-A solution, with a viscosity of 0.0013 Pa
s, formulated in 10 mM Histidine and 0.02% PS-80 buffer was used. Experiments
were temperature controlled at 20.0 ± 0.5 °C.
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This is as expected as the resulting pressure from ultra-pure water runs, i.e.
the membrane permeability, should be independent of the magnitude of the
disc speed and/or design type.
For the protein runs, the difference in the pressure (Figure 3-14B) and the
pressure attributed to the gel layer (Figure 3-14C) between the initial and
final design vary similarly as a function of disc speed, i.e. greater pressures
were detected at lower disc speeds and vice versa.
In order to ease comparison, the differential pressure, ∆P, was correlated
with characteristic average shear rate, ȳav (Figure 3-15). It can be seen that
at 2500 rpm the flow conditions in the final design (ȳ av = 2600 s-1) have a
greater impact on the ∆P than those in the initial design (ȳav = 3900 s-1). At
this disc speed, the ∆P in the final design is ~ 0.13 bar compared to ~ 0.03
bar observed in the initial design (Figure 3-15).
The difference in characteristic average shear rate (ȳ av) between the initial
and the final design decreases with increasing disc speed from 2500 rpm
(∆ȳav ~ 1300 s-1) to 10000 rpm (∆ȳ av ~ 600 s-1) (Table 3-2). This could
possible explain why ∆P between the designs becomes more similar as the
disc speed is increased. At disc speeds of 6000 rpm or greater, which
correspond to ȳav of 8000 s-1 or above, a ∆P of < 0.05 bar is observed in both
designs)
The sweeping action of the disc could explain the above phenomenon where
protein molecules may start to build up on the membrane surface leading to
the formation of a gel layer at low disc speeds. By contrast, at high disc
speeds the action of the disc is able to maintain the membrane surface clean
minimising the gel layer formation. In addition, the flow regime is more likely
to be laminar at low disc speeds, i.e. at 4000 rpm or below (where Re <
2800), becoming more turbulent at high disc speeds, i.e. at 6000 rpm or
above (where Re > 4300). Viscosity plays an important role and influences
the flow environment in the laminar flow regime. The effect of viscosity
becomes less significant as the flow becomes more turbulent.
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Figure 3-15 Effect of the USD device design on the pressure differential attributable
to the gel layer as a function of characteristic average shear rate. ∆P is obtained at t
= 40 min from Figure 3-14C. The error bars represent propagated errors using
standard-error-method (SEM) from the standard deviation of the ∆P values. The ȳav
range corresponds to 2000 < N < 10000 rpm as detailed in Table 3-2. Experimental
details are described in Figure 3-14.
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This difference in the flow regime may explain the differences observed in
pressure and gel pressure between the designs as a function of disc speed.
The following section will examine the choice of the design across the
explored range of characteristic average shear rate using turbidity of the
processed sample as a comparative measure.
Measuring turbidity as a function of characteristic average shear rate (ȳav)
In addition to previous experiments, the turbidity of the processed retentate
samples was measured before and after processing across the explored
range of the estimated characteristic average shear rates (ȳ av) derived from
Table 3-2. A similar trend is observed in Figure 3-16 to that described for ∆P
in Figure 3-15. The difference in flow conditions between the final design and
the initial design has a greater impact on the turbidity change up to a
characteristic average shear rate of ~ 8000 s-1. Beyond this value, the
difference in characteristic average shear rate between the designs has a
smaller impact on turbidity (Figure 3-16).
The good agreement between the differential pressure (∆P) and the change
in turbidity (∆OD650) may be used to help understand the correlation between
the formation of the gel layer and the observed increase in turbidity (Figure
3-17). One possible hypothesis is that within the gel layer protein molecules
may interact with the membrane surface triggering the formation of greater
molecular

structures.

These

higher

configurations

could

eventually

precipitate out of the solution resulting in an increase in the turbidity of the
sample, i.e. detected by OD650. This phenomenon will be discussed later
(Section 5.4.2).
Final decision
The final design of the USD membrane shear device was decided to be used
in future experimental runs described from this point of the thesis onwards.
The main driver for this choice was the reduction in the maximum shear rate
areas resulting in a significant improvement in the profile uniformity across
the membrane surface. This was one of the main objectives of the
redesigning stages.
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Figure 3-16 Effect of the USD device design on the change in turbidity due to
processing as a function of characteristic average shear rate. ∆OD650 is obtained by
the difference between the retentate and the feed values. The error bars represent
the standard deviation from the absorbance triplicate measurements from the plate
reader using standard-error method (SEM). The ȳav range corresponds to 2000 < N
< 10000 rpm as detailed in Table 3-2. Experimental details are described in Figure
3-14.
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Figure 3-17 Effect of the USD device design on the change in turbidity due to
processing as a function of pressure differential. Experimental details are described
in Figure 3-14 and the data and error bars have been obtained from Figure 3-15
and Figure 3-16.

111

The final design continued to display a remaining challenge. Low minimum
shear rate areas still influenced the profile uniformity across the membrane
surface. The following section will discuss the use of blanking to exclude low
shear areas using transmembrane pressure drop, ΔPTMP, and the change in
turbidity, ∆OD650, as a comparative measure.

3.6 Blanking
3.6.1 Extent of blanking
Minimum shear rate areas (ymin), located below the centre of the disc and
between the edge of the disc and the chamber wall, actually decreased from
300 (initial) to 200 s-1 (final) (Figure 3-13A to C). These sections on the
membrane surface were identified as ‘low shear rate regions' with a shear
rate less than 0.8 ȳav and were located in: a central part, and an outer
annulus part. The former accounts for ~14% of the total membrane area
whilst the latter ~26%. Different combinations of these regions were blanked
during constant flux ultra-pure water experiments.
Smaller extents of blanking
As the extent of blanking increased from 0 to 40% of the total blanked area,
the total membrane area decreased from 3.46 to 2.08 cm2 (Table 3-3). A
corresponding increase up to 40% in pressure was expected to attain an
equivalent membrane permeability assuming the total membrane area was
100% effective. However, no significant difference in the final pressure
measurements (0.33 ± 0.02 bar) is observed as a function of time (Figure
3-18, A) or ΔPTMP due to % total blanked area (Figure 3-18, B).
These results are unexpected suggesting that these non-sheared regions
may not be functional, i.e. they foul up quickly and essentially behave as if
they were blanked. The difference in the initial rate of pressure (0 < t (min) <
2) i.e. slower for no blanking and faster for inner and outer blanking, may
provide initial evidence of this phenomenon (Figure 3-18A). The following
section will examine the effect of greater extents of blanking on the
membrane using ΔPTMP as a comparative measure.
112

Table 3-3 Schematics of the extent of blanking for inactive membrane area
experiments. Configurations studied: (A) no blanking (0%), (B) inner blanking (14%
of area covered), (C) outer blanking (26% of area covered), and (D) inner and outer
blanking (40% of area covered). Total active membrane area and % active blanked
area

are

determined

assuming

non-sheared

regions

are

non-functional.

Figure 3-18 Effect of different extents of blanking on (A) pressure-time profiles and
(B) on the transmembrane pressure as a function of % total blanked area using
ultra-pure water. The extents of blanking tested are detailed in Table 3-3. In (B),
ΔPTMP is calculated by the difference between the final and the initial/baseline
pressure measurements (Pinitial = 0.11 ± 0.01 bar) of (A). The error bars represent
the standard deviation of pressure measurements in the stable region (2 < t < 10
min) and are covered by the data points. All runs were performed at constant flow
rate of Q = 0.288 mL/min and a disc speed of 10000 rpm for the set duration of the
experiment (t = 10mins). The experiments were temperature controlled at 20.0 ±
0.5 °C.
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Greater extents of blanking
Five different blanked membrane configurations were designed by increasing
the coverage from 0 to 94% using adhesives. This was performed by
decreasing the inner diameter of the outer annular region from 18 to 8 mm
(Table 3-4). Configurations with total blanked areas of 26% or lower result in
a constant ΔPTMP of ~ 0.35 bar (Figure 3-19). This may possibly be due to
having equivalent total active blanked areas with non-functional low shear
rate areas, as described earlier in the section. ΔPTMP appears to increase at
total blanked areas greater than 26%. An effective increase in total active
membrane area may explain this behaviour in ΔPTMP. The total active
membrane areas (Table 3-4) were calculated by assuming that 40% of the
total membrane area was non-functional whether blanked or unblanked.
The total active membrane areas were correlated with ΔPTMP for the range of
extents of blanking studied (Figure 3-20). As expected, no change in ΔPTMP
is observed at 40% total active blanked area. This follows expectations as
the membrane area is not effectively reduced due to the already inactive
areas possibly being non-functional. At higher total active blanked areas, an
increase in ΔPTMP is detected. The active membrane area appears to be
effectively reduced as high shear rate functional areas are being covered.
Final decision
After having identified and evaluated the impact of different extents of
blanking on the transmembrane pressure, it was decided that the central (Ø
= 8 mm) and outer annular blanks (Ø = 18-25 mm) (Table 3-3D) would be
introduced. Their implementation resulted in a 40% reduction in membrane
area (from 3.46 to 2.08 cm2) attaining a relatively uniform shear rate profile
(average ± 17%) with ‘low shear rate regions’ (y < 0.8 ȳav) blanked.
A consequence of choosing a 40% smaller membrane disc area in the USD
system was an increase in volumetric loading of the USD system as the
chamber volume remained unchanged from that of the initial design (i.e. 1.7
mL).
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Table 3-4 Schematics of the extent of the blanking combinations for active
membrane area experiments. Configurations studied in terms of blanking are: (A)
0%, (B) 26%, (C) 42%, (D) 67%, and (E) 85%. Total active membrane area and %
active blanked area are determined assuming non-sheared regions are nonfunctional as described in Table 3-3.

Figure 3-19 Effect of different extents of blanking on the transmembrane pressure
as a function of % total blanked area using ultra-pure water. The schematics of the
corresponding membrane surface for each total blanked area are in Table 3-4.
Details about the experimental runs are the same as those described in Figure
3-18B.
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Figure 3-20 Effect of different extents of blanking on the transmembrane pressure
as a function of % total active blanked area using ultra-pure water. The schematics
of the total active blanked areas are for ▲ in Table 3-4 and ▽ in Table 3-3. Details
about the experimental runs are described in Figure 3-18.
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This resulted in a wider overlapping operating window with pilot-scale TFF
systems, for example enabling operation with 88 cm 2 cassettes by requiring
feed volumes greater than a typical system hold-up volume. This will be
further discussed in Section 4.2.1. Extents of blanking other than the
selected 40% were found unnecessary. A total blanking below 40% would not
sufficiently improve the flow uniformity, as it would not remove the identified
low shear rate areas.
If the total blanking was greater than 40%, one of the disadvantages would
be a significant increase in feed material requirement for pilot-scale runs.
This would possibly reduce the feasible number of pilot-scale trials during
early stage process development.
Two methods of blanking the membrane: adhesives and metal disc blanking
will be discussed in the next section. The resultant ΔPTMP and turbidity
(OD650) were used as comparative measures.
3.6.2 Type of blanking
Pressure Analysis
The first approach explored was adhesive blanking (AB), where biologically
inert adhesives were manually stuck and aligned onto the retentate side of
the membrane surface, used in Section 3.6.1. The second approach, metal
disc blanking (MB), consisted of aligning the 0.1 mm – thick metal discs
through the use of a mould and medical-grade glue onto the membrane
surface.
These two options were compared in terms of pressure for ultra-pure water
and protein experiments (Figure 3-21, Figure 3-22) and in terms of turbidity
of the retentate sample (Figure 3-23). The pressure profiles during ultra-pure
water runs were very similar for the two blanked and the one unblanked runs
in the three combinations of disc speed-fluxes tested (Figure 3-21i). This was
as expected assuming the membrane permeability remains unchanged and
is independent of the blanking type and the operating conditions.
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Figure 3-21 Effect of type of blanking on pressure-time profiles for different disc
speed and flux combinations for (i) ultra-pure water and (ii) protein runs. The
pressure profiles are shown for two types of blanked membrane (adhesive and
metal disc blanking) and unblanked membrane (no blanking). The disc speeds-flux
combinations are: (A) N = 800 rpm, Q = 0.13 mL/min, t = 88.8 min; (B) N = 2000
rpm, Q = 0.19 mL/min, t = 61.9 min; and (C) N = 4500 rpm, Q = 0.28 mL/min, t =
42.1 min. The ultra-pure water runs were performed for t = 5 mins whilst the protein
runs were performed in diafiltration mode, reaching 7 DV (VDF = 10.9 mL). A 12
mg/mL mAb-A solution formulated in 10 mM Na Acetate pH 5.4 was used for the
protein runs. These experiments were temperature controlled at 20.0 ± 0.5°C.
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Figure 3-22 Effect of type of feed on transmembrane pressure with three different
types of blanking. The three types of blanking tested were: no blanking (NB), metal
disc blanking (MB) and adhesive blanking (AB).ΔPTMP for protein was calculated by
the difference between the final pressure in the stable region (3.5 < DV < 7.0) and
the initial pressure (Pinitial = 0.11 ± 0.01 bar). ΔPTMP for ultra-pure water was
calculated by the difference between the final pressure in the stable region (2 < t
(min) < 5) and the initial pressure (Pinitial = 0.18 ± 0.01 bar) from Figure 3-21.

Figure 3-23 Effect of type of blanking on change in turbidity due to processing . The
error bars represent the standard deviation of absorbance measurements with n=3.
The disc speeds-flux combinations are: (A) 800 rpm 30 LMH, (B) 2000 rpm 55 LMH,
and (C) 4500 rpm 81 LMH. ∆OD650 is obtained by the difference between the
retentate and the feed values. The experimental details are described in Figure 3-21.
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During protein experiments, metal disc blanking most resembles the no
blanking (control) in terms of pressure-time profiles (Figure 3-21ii) and
transmembrane pressure (Figure 3-22). The adhesive blanking does not
outperform in any of the three conditions tested even though the difference
with the metal disc blanking approach becomes more evident with increasing
disc speed (Figure 3-22). For example at higher disc speeds-fluxes for the
protein run, the ΔP for the metal disc blanking (~ 0.40 bar) is closest in
magnitude to that attained in the unblanked experiment ( ~ 0.45 bar) than the
adhesive approach (~ 0.70 bar) (Figure 3-22C).
In addition to the pressure measurements, turbidity using OD650 was
compared between the two blanking techniques and the unblanked control
(Figure 3-23). Interestingly, retentate samples using either blanking approach
resulted in significantly lower turbidity values. Either type of blanking attained
up to a 10-fold reduction compared to the no blanking in all three conditions
tested. The difference in the magnitude of shear rate in different regions
within the membrane may explain this phenomenon.
Undesired protein-membrane surface interactions may be happening in low
shear rate areas increasing the likelihood of the precipitation of the protein
molecules, i.e. causing the higher OD650. In the blanked approaches these
areas are covered reducing the potential for undesired interactions and
protein precipitation, i.e. detecting a lower OD 650. Furthermore, it could be
related to the ratio of membrane area to chamber volume; higher for the
unblanked and lower in the blanked. A higher ratio could be exposing the
protein to more combined shear and membrane for a given length of
operation possibly causing greater extents of precipitation, i.e. greater OD 650.
Upon a comparison between the blanking approaches, the use of metal disc
blanks results in lower OD650 than the adhesive blanks (by ~ 63 ± 12%) in all
three conditions tested (Figure 3-23). One explanation is that protein-metal
interactions could be potentially less damaging than protein-adhesive
interactions in terms of eventual protein precipitation. Protein molecules may
be less prone to metal exposure damage, as it is the same as the material of
the disc in the USD stirred cell. Protein molecules appear to remain relatively
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stable with the metal disc blanking approach detecting a small increase in
turbidity during processing. Adhesive blanking incorporates a new external
agent possibly resulting in an additional route for protein instability.
Final decision
Overall, the metal disc blanking approach resulted in two improvements:
more similar membrane performance to the control, and in lower turbidity
values than the adhesive blanking approach. The results of these initial
comparative experiments supported the choice of the metal disc blanking
approach over the adhesive blanking approach.
The following section will examine the characterisation of the final design
using the chosen blanking extent, 40%, and type, metal disc, across a range
of disc speeds and viscosities.

3.7 Final blanked design characterisation
The geometries of the final design including 0.1 mm-thick blanking pieces in
low shear rate regions and an effective membrane area of 2.1 cm2 are
shown in Figure 3-24. The incorporation of blanking on the final design was
evaluated in terms of shear rate profiles (Figure 3-25).
The use of 0.1 mm-thick blanking pieces led to little change in the flow
patterns in the USD chamber and no significant regions of low shear
adjacent to the membrane or at the stepped edge of the blanking pieces
(Figure 3-25B, i). The final design shown in Figure 3-25B was studied for
other disc speeds and viscosities with examples in Figure 3-26 and Figure
3-27 respectively. Similarly uniform shear profiles over the membrane are
observed in all cases.
3.7.1 Shear rate characterisation
The full CFD results may be correlated to give ȳ av ∝ N1.37 µF-0.46 (for 1300 < N
< 5000 rpm , 0.0013 < µF < 0.0020 Pa s) similar to a relationship which may
be expected for turbulent flow (e.g. mean velocity gradient ∝ (ε/µF)0.5 ∝ N1.5
µF-0.5 where ε is power dissipated per unit volume and power dissipated ∝ N3
for stirred vessels).
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Figure 3-24 Schematic of the USD membrane shear device with scaled dimensions
of the final blanked version.

Figure 3-25 Effect of blanking on shear rate profiles for the final blanked design for
a disc speed of 2500 rpm and a viscosity of 0.0013 Pa s. The designs are: (A)
unblanked, and (B) blanked. Details of the acquisition of images and data for
histograms are described in Figure 3-3. These simulations were run with the final
disc design (D1 = D2 = 2.00 mm and ϴ = 0.0°) shown in Figure 3-24.
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Figure 3-26 Effect of the disc speed on shear rate profiles for the final blanked
design for a viscosity of 0.0013 Pa s. Disc speeds are: (A) 1300 rpm, (B) 2500 rpm,
and (C) 5000 rpm. Details of the acquisition of images and data for histograms are
described in Figure 3-3. These simulations were run with the final disc design (D 1 =
D2 = 2.00 mm and ϴ = 0.0°) shown in Figure 3-24.

Figure 3-27 Effect of the viscosity on shear rate profiles for the final blanked design
for a disc speed of 2500 rpm. Viscosity values are: (A) 0.0013 Pa s, (B) 0.0016 Pa s,
and (C) 0.002 Pa s. Details of the acquisition of images and data for histograms are
described in Figure 3-3. These simulations were run with the final disc design (D 1 =
D2 = 2.00 mm and ϴ = 0.0°) shown in Figure 3-24.
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A previous study by Ma et al. (2009) similarly correlated ȳav ∝ N1.5 for a USD
device with the initial design as shown in Figure 3-1. Figure 3-28 summarises
the predicted (pr) average shear rate versus disc speed for the USD device
design chosen for further study (Figure 3-24) for ultra-pure water (w) and the
feed protein solution (F) studied here. The correlation ȳ av ∝ N-1.37µF-0.46 will be
used as the basis to translate the flow conditions of the USD device with
pilot-scale systems. This will be further discussed in Section 4.3.2

3.8 Conclusion
The application of computational fluid dynamics tools has provided a
fundamental insight into the flow environment near the membrane surface of
the USD membrane shear device. The characterisation of the initial design
(Ma et al., 2009) and the identification of a critical distance between the disc
edge and the membrane surface (D2) were used to gain understanding of the
flow vortex formation. Extensive analysis showed that a distance, D 2, of 1.45
mm or greater was essential to allow the flow vortex to cover greater portions
of the membrane surface and minimise local maxima shear rate regions.
The use of an angled disc was found to only slightly affect the flow profile
when this D2 criterion was met. This resulted in the removal of the disc angle
from the final design. Despite all improvements, it was still necessary to
blank off regions where the shear was low. These were defined as 40% of
the membrane surface and were blocked off using metal discs.
A correlation between the average shear rate and viscosity and disc speeds
was presented in this chapter for the final blanked design. This will be used
when comparing with the pilot-scale system to ensure similar flow conditions
and ultimately, increase the predicting capabilities of the USD system. Upon
the characterisation of the final USD design, there was a need to compare
the performance with a pilot-scale TFF system across a range of typical
operating conditions. This formed the basis for next chapter.
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Figure 3-28 Effect of the viscosity on the characteristic average shear rate as a
function of disc speed. The predicted (pr) shear rate for a protein feed (F) solution
ȳav.pr.F (µF = 0.0013 Pa s), and for ultra-pure water (w), ȳav.pr.w (µW = 0.0010 Pa s),
were obtained from Figure 3-26 (ii) for 1300, 2500 and 5000 rpm and from
additional individual simulations for the other disc speeds. These simulations were
run with the final disc design (D1 = D2 = 2.00 mm and ϴ = 0.0°) shown in Figure
3-24.
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Chapter 4 : Scale translation between pilot-scale and ultra
scale-down systems
4.1 Introduction
In order to scale-up or scale-down and attain comparable performance,
careful consideration of key variables for each unit operation is required. For
example, for centrifugation operations sigma theory is traditionally used as
the basis for scale-down to compare the clarification efficiency between
scales (Ambler, 1959). For membrane-based operations, a constant
volumetric loading, feed volume per unit membrane area, is one of several
rules used as the scale-down basis for enabling a comparison of the flux
between scales (van Reis et al., 1997).
The objective of this chapter is to establish an USD methodology to predict
the performance of full-scale operations. This chapter focuses on comparing
membrane-based operations of two systems. A characterised USD system
with a traditional pilot-scale TFF will be compared using a constant ratio of
feed volume to membrane area. Comparable flow conditions will be achieved
___________________________________
* Most of the results in this chapter are included in:
Fernandez-Cerezo, L., Rayat, A., Chatel, A., Pollard, J., Lye, G., Hoare, M. (2017) An ultra
scale-down method to predict diafiltration performance during formulation of concentrated
mAb solutions. Oral presentation at Challenges of Miniaturization and Automation in
Bioprocess Development, Proceedings of ECI Biochemical & Molecular Engineering XX.
Newport Beach, CA, USA, 16-20 July 2017.
Fernandez-Cerezo, L., Rayat, A., Chatel, A., Pollard, J., Lye, G., Hoare, M. (2017)
Predicting membrane performance for the diafiltration of monoclonal antibody solutions
using an ultra scale-down method. Oral presentation at Biochemical Engineering,
Proceedings of 3rd International Conference in Chemical Engineering. Skokie, IL, USA, 2-4
October 2017.
Fernandez-Cerezo, L., Rayat, A., Chatel, A., Pollard, J., Lye, G., Hoare, M. (2018)
Predicting membrane performance for the concentration and diafiltration of mAb solutions
using an ultra scale-down method. Oral presentation at Automated Technologies & HighThroughput System in Biologics Production, Proceedings of 255th ACS BIOT Conference.
New Orleans, LA, USA, 18-22 March 2018
Fernandez-Cerezo, L., Rayat, A., Chatel, A., Pollard, J., Lye, G., Hoare, M. (2019) An ultrascale down method to investigate the flux performance of tangential flow filtration (TFF)
using ultrafiltration membranes. Biotechnology and Bioengineering. 116(1): 581-590
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by correlating the disc speed of the USD device to the crossflow rate of the
TFF system using average shear rate at the membrane surface as a key
scaling parameter.
This chapter will firstly describe the steps required to size different pilot-scale
TFF systems. The experimental performance across a typical operating
range for two different TFF systems will be presented, followed by the
estimation of the average shear rates. A comparison between the selected
pilot-scale TFF and USD systems will be discussed covering the transition
between constant flux to constant pressure operation in the USD system.
This chapter will end by showing a set of diafiltration experiments conducted
at both scales used to establish the USD methodology.

4.2 Characterization of pilot-scale TFF
4.2.1 Sizing
Using the dimensions of the characterised USD system (Section 3.7),
different TFF systems were designed (Figure 4-1). A pilot-scale TFF, with two
cassette sizes, and a lab-scale TFF system were used. A scale-down ratio of
~1:500 (TFF Pellicon 3), ~1:40 (TFF Pellicon 3 mini) and ~1:20 (TFF
Millipore) were devised for diafiltration operations in terms of volumetric
loading, i.e. feed volume and membrane area (ML =

VF
A

).

The pilot-scale TFF system was operated with a volume (VF) of at least 0.06
L to ensure no air-liquid interfaces and all lines were primed. Due to the feed
volume being significantly greater than the system hold-up volume in the
pilot-scale TFF (Pellicon 3) (VF; 0.89 » 0.06 L seen in Figure 4-1), it was
preferred as the default configuration over TFF (Pellicon 3 mini) provided
there was no limitation on material availability.
The following section will compare the performance of the pilot-scale TFF
system (Pellicon 3) and the lab-scale TFF system (Millipore) using pressure
and flux as a comparative measure.
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Figure 4-1 Effect of system parameters on the USD and three different scales of
TFF systems. The basis for this scale translation was performed by calculating ML
(ML =

VF
A

) using A = 0.00021 m2 and VF = 0.0017 L for the USD system, as the latter

was fixed due to the dimension of the chamber. TFF systems were sized
maintaining the same ML and using the different membrane cassette areas. All
systems were designed to attain the same extent of diafiltration (99.91% using
Equation 1-8) using seven diafiltration volumes (DV=
tDF (=

VDF
A ∙ JP

VDF
VF

) over equivalent duration,

). tDF was calculated in this figure using JP = 60 LMH as an example,

although this value purely depends on the process, membrane type and pore size,
and feed composition.
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4.2.2 Initial TFF runs
Pressure
Experiments in the pilot-scale TFF system, using a positive displacement
pump, were conducted at four different crossflow rates, QF: 2, 4, 6 and 10
LMM (equivalent to 0.2, 0.4, 0.6 and 1.0 L/min respectively) (Figure 4-2).
During ultra-pure water runs, a ΔP̅TMP of 1.0 bar was not reached at Q F < 10
LMM (Figure 4-2A, iv) due to the high flux rates, i.e. the flow rate across the
membrane diminished significantly leading to low recirculation. For the
protein runs (Figure 4-2B), the flux rate is much lower and as expected the
feed pressure, PF, and the axial pressure drop, ΔPax, increases with
increasing crossflow rate. At constant mean transmembrane pressure,
ΔP̅TMP, of 1.0 bar during the protein diafiltration runs, the pilot-scale TFF
system reached PF ~ 1.6 bar; ΔPax ~ 1.2 bar at QF = 10 LMM. At this QF, the
retentate pressure, PR, reached its lowest value, 0.4 bar, as the automated
retentate valve no longer is required to be closed to achieve the required
ΔP̅TMP (Figure 4-2B, iv).
The lab-scale TFF system (Millipore) using a diaphragm pump, was similarly
run at crossflow rates up to 6 LMM (Figure 4-3). A similar interplay is seen at
a given mean transmembrane pressure drop (ΔP̅TMP) between crossflow rate
(QF), feed (PF), axial pressure drop (ΔPax) and retentate (PR) pressures in
this system. Ultra-pure water runs could reach a ΔP̅TMP of 1.0 bar due to the
type of pump used in this system and the manual control of the retentate
valve.
More fluctuations are seen in the lab-scale TFF system due to the manual
control of the retentate valve and the data acquisition method rather than the
fully automated pilot-scale TFF system. The similarity between the axial
pressure drops of ultra-pure water and protein runs in both systems will be
further discussed in Section 4.2.3.
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Figure 4-2 Effect of the crossflow rate on the pressure as a function of (A) time
during ultra-pure water runs and (B) diafiltration volumes during protein runs using a
pilot-scale TFF system. The crossflow rates studied were: (i) 2 LMM, (ii) 4 LMM, (iii)
6 LMM and (iv) 10 LMM. This system operates at automated constant ΔP̅TMP
operation, uses a positive displacement pump and Pellicon 3 membrane. Further
details about the system dimensions are included in Figure 4-1. The protein feed
solution used was a 12mg/mL mAb-A solution formulated in 10 mM Sodium Acetate
pH 5.5 and the diafiltration buffer was 10 mM Histidine pH 5.4. This system was run
at room temperature (20.0 ± 1.0 °C).
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Figure 4-3 Effect of the crossflow rate on the pressure as a function of (A) time
during ultra-pure water runs and (B) diafiltration volumes during protein diafiltration
runs using the lab-scale Millipore TFF system. The crossflow rates studied were: (i)
2 LMM, (ii) 4 LMM, and (iii) 6 LMM. This system operates at manual constant ΔP̅TMP
operation (1.0 ± 0.1 bar), uses a diaphragm pump and a Pellicon XL 50 membrane
cassette. Further details about the system dimensions are included in Figure 4-1.
Experimental details are the same as those described in the legend of Figure 4-2.
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Flux
For the pilot-scale TFF system, flux appears to gradually increase until DV ≈
5 and then reach steady state until complete diafiltration, DV = 7 for all
crossflow rates tested. Steady-state flux increases as a function of crossflow
rate from ~ 40 LMH (QF = 2 LMM) to ~ 110 LMH (QF = 10 LMM) (Figure
4-4A).
Similar flux versus time profiles are seen for the lab-scale system (Figure
4-4B). Steady-state flux at a crossflow rate of 2 LMM was similar to that
attained with the pilot-scale system (J ~ 40 LMH). At greater crossflow rates
(4 and 6 LMM), the lab-scale system (Figure 4-4B) attained lower fluxes than
the equivalent runs at the pilot-scale TFF system (Figure 4-4A). This
difference could be attributed to the different data acquisition methods, i.e.
manual in the lab-scale TFF system and automated in the pilot-scale TFF
system.
Resistance
The total resistance was determined for these runs assuming there was no
fouling layer (RFo = 0) using Equation 1-17. The change in the distribution of
the total resistance, split into membrane and gel resistance (Equation 1-16),
as a function of crossflow rate for both systems is given in Figure 4-5. A clear
decreasing trend in the total resistance with increasing crossflow rate is seen
for the pilot-scale TFF system (Figure 4-5A) and the lab-scale TFF system
(Figure 4-5B). At low crossflow rates; QF = 2 LMM, the gel layer resistance
(RGel) dominates the overall resistance distribution. As the crossflow rate
increases, the gel layer becomes negligible and the membrane resistance
(RM) starts to dominate the total resistance.
In both systems, the membrane resistance (R M) is comparable across the
crossflow rates studied; with a total average of ~ 2.9 ± 0.2 x1012 m-1. For the
studied crossflow rates in both systems (QF = 2, 4 and 6 LMM), overall
resistance is greater in the lab-scale TFF system (Figure 4-5B) than in the
pilot-scale TFF system (Figure 4-5A).
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Figure 4-4 Effect of the crossflow rate on the flux -time profiles in: (A) pilot-scale
TFF and (B) lab-scale Millipore TFF systems. The reported flux, J, was obtained as
the moving average of 100 data points from raw data. The experimental details
used are described in the legend of Figure 4-2.

Figure 4-5 Distribution of the total resistance as a function of crossflow rate in: (A)
pilot-scale TFF and (B) lab-scale Millipore TFF systems. The membrane, RM, and
the total resistances, RT, were determined using the flux values (Figure 4-4) and
Equation 1-17. el resistance, RGel, was calculated as the difference between these
assuming the fouling layer was negligible (R Fo = 0) (Equation 1-16). The
experimental details used are described in Figure 4-2 .
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The lab-scale TFF (Millipore) system is not described as a suitable mimic of
industrial TFF systems mainly due to differences in the flow path length in
the cassette, the pump type, and the ratio of hold-up to the operating volume
of the system. This system is commonly used to generate material when only
very small volumes are available and the pilot-scale TFF system using
Pellicon membranes is unsuitable (VF < 0.06 L), rather than as a scale-down
technology.
The following section will compare the quality of the processed product
between the pilot-scale TFF system (Pellicon 3) and the lab-scale TFF
system (Millipore) using turbidity, recovery and quality as comparative
measures.
Turbidity
Turbidity, using absorbance measurements at a wavelength of 650 nm to
detect protein colloidal particles, was measured for the feed and the
retentate samples for the four crossflow rates tested in both systems.
Turbidity appears to not vary significantly as a function of crossflow rate in
either pilot-scale TFF (Figure 4-6A) or in the lab-scale TFF (Figure 4-6B)
system. Turbidity in all lab-scale TFF runs can be seen to be ~ 2-fold greater
than in the pilot-scale TFF runs. This may suggest an increase in protein
instability, i.e. greater tendency to start to aggregate, possibly explaining the
observed lower flux (Figure 4-4) and greater gel layer resistance (Figure 4-5)
seen for lab-scale TFF system runs. This will be later discussed in Section
5.4.2.
Recovery and change in monomer
Greater recovery is attained in the pilot-scale TFF system than the lab-scale
TFF system throughout the studied range of crossflow rates (Figure 4-7A).
Recovery appears to increase with crossflow rate for the lab-scale TFF
system. This could be due to a greater tendency for the protein to adhere to
surfaces as a function of processing time due to the type of pump in the labscale TFF system.
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Figure 4-6 Effect of the change in turbidity due to processing as a function of
crossflow rate in: (A) pilot-scale TFF and (B) lab-scale Millipore TFF systems.
∆OD650 values are determined by the difference between the OD 650 value of the
retentate and the feed. The error bars are obtained from triplicate measurements
using a plate reader. The experimental details used are described in Figure 4-2.

Figure 4-7 Effect of (A) recovery and (B) change in monomer after processing as a
function of crossflow rate in the two TFF systems studied. In (A), recovery (%) is
obtained by dividing the protein mass in the retentate over the feed, both measured
using Protein A Chromatography. The error bars in (A) using standard-error-method
(SEM) propagation method (m=3). In (B), the change in monomer (∆ monomer) is
calculated by the difference in the monomer quantity between the retentate and the
feed measured using SEC chromatography. Error bars in (B) are calculated using
standard-error-method (SEM) propagation method (m=2). Values greater than
100% in (A) and positive values in (B) may be attributed to measurement errors in
the feed samples. These values could be considered to represent 100% recovery or
no change respectively. The experimental details used are described in Figure 4-2 .
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Recovery remains at 100% or higher for the pilot-scale TFF (Pellicon 3)
(Figure 4-7A). This may suggest no product is adhering to the surfaces and
that good fluid circulation exists throughout the system.
No negative change in monomer quantity nor the formation of dimers is
observed upon processing in either system across the range of crossflow
rates studied (Figure 4-7B). An increase in monomer quantity is detected in
the lab-scale TFF system runs.
Final decision
Overall, the pilot-scale TFF system (Pellicon 3) outperformed the lab-scale
TFF (Millipore) by attaining greater fluxes and lower resistances at equivalent
flow conditions. In addition, more stable pressure measurements, lower
turbidity, greater recovery, and similar protein quality were achieved in the
pilot-scale TFF system (Pellicon 3). This system was selected to be the
default configuration to perform scale translation and compare the
performance with the characterised USD final design hereafter.
The following section will describe the approach used in this thesis to
estimate characteristic average shear rates , ȳav, for the pilot-scale TFF
system. This parameter will be the key scaling parameter for a successful
scale translation.
4.2.3 Shear rate estimation
One challenge for scale-down studies is the need to estimate the shear rate
which will be experienced in pilot-scale TFF while only having limited process
material. The strategy applied here is to measure axial pressure drops using
ultra-pure water and then use fluid dynamic arguments with viscosity
measurements to predict the axial pressure drops for protein solutions.
These predictions are compared with the measured values for a protein
solution. The axial pressure drops are then used to estimate shear rates.
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The measured (m) axial pressure drops for water (w) are given for a range of
crossflow rates in Table 4-1A along with the Reynolds number (Col 1 to 3).
The corresponding Reynolds numbers are given for protein solution along
with two predictions of axial pressure drops for the protein solution (Col 4 to
6). Firstly, an assumption is that the flow is laminar and the axial pressure
drop is given by Equation 4-1(Binabaji et al., 2016).

∆Pax =

µF ∙QF ∙LE ∙K
wE ∙ hE

3

- ρF ∙g∙LE

Equation 4-1

Where LE, wE and hE are the effective length, width and height of an
individual channel in the cassette respectively; K is a cassette-specific
constant; ρF is the feed density and g the acceleration due to gravity.
The measured axial pressure drop for water, ΔPax.m.w (Re< 2100) is used to
evaluate K = 12.2 (This compares with the published value of K = 12 for the
flat-sheet cassette used here (Rayat et al., 2014; Millipore, 2003)). This value
is used to predict (pr) for protein (F) the laminar (l) value of ΔPax.pr.F.l (Col 5)
using Equation 4-1.
A second assumption is that the fluid flow is fully turbulent (as for flow in very
rough pipes where ΔPax ≠ f (µF) (as Re ≠

1
f

where f =

2d
ρV2

ΔPax )). This resulted

in the predicted value for protein in turbulent (t) regime, ΔPax.pr.F.t (Col 6), to
be the same as the measured value for water ΔPax.m.w (Col 2).
Finally, the measured ΔPax values for the protein solution are presented (Col
ε

Pw

F

C

̅ = √ =√
7). Corresponding values of shear rate (Equation 1-4: y̅ av ≡ G
μ
V
√

QF ∙ ∆Pax
VC ∙μF

∙μF

=

) for the various ΔPax are given in Table 4-1B. A closer match is

obtained between predicted and measured shear rate assuming fully
turbulent flow, probably due to the nature of flow caused by the presence of
meshes. Different strategies will be needed when dealing with more viscous
protein solutions where the flow might be better described as laminar
(Binabaji et al., 2016).
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Table 4-1 Estimation of average shear rates in the pilot-scale TFF system for
various crossflow rates. (Col 1). In (A): ΔPax.m.w (Col 2) and ΔPax.m.F (Col 7) were
obtained experimentally from ultra-pure water and protein runs (Figure 4-2); Re
(=

ρF u

xo

μF

dh

) values (Col 3 and 4) are for ρF = 1.00 g cm-3, dh = 0.033 cm, and uxo =

QF / Axo; ΔPax.pr.F.l (Col 5) is given by Equation 4-1 where hE = 0.024 cm (Equation
1-2); LE = 20 cm, wE = 2.2 cm and K = 12.2; ΔPax.pr.F.t (Col 6) assumes fully turbulent
flow, i.e. equals values in Col 2. In (B), the ȳav values are based on Equation 1-4
either using µW = 0.0010 Pa s or µF = 0.0013 Pa s. See Appendix 4.
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The USD system (Figure 2-3B) and the pilot-scale TFF system with Pellicon
3 membrane (Figure 1-9D, ii) were used to perform diafiltration experiments
across a similar range of characteristic average shear rates.
4.2.4 Operating modes
Constant flux mode in USD system
The flux in the USD system was set to match the average diafiltration flux
achieved in two pilot-scale TFF runs at two crossflow rates, QF, of 4 and 10
LMM (Figure 4-4) using USD disc speeds to give approximately comparable
flow conditions (shear rate basis). The resultant total resistances (Equation
1-17) were compared (Figure 4-8). The USD experiments resulted in
significantly lower resistance values than for the pilot-scale TFF runs. This
indicated that the membrane surface was possibly swept at a faster rate, i.e.
it was maintained clearer in the USD than in the pilot-scale TFF system. This
suggested either that the calculated disc speeds to match the TFF crossflow
rates were too high (See Appendix 2 for more details) or that the operation of
the USD system in constant flux mode led to lower build-up of protein on the
membrane than might happen when in constant transmembrane pressure,
∆PTMP, mode.
Constant transmembrane pressure mode in USD system
Manual operation
The objective of these experiments was to run the USD system in constant
transmembrane pressure mode using the same flux profiles as obtained in
the pilot-scale TFF runs. The initial flux, the final flux and the change of flux
with time were used from each pilot-scale TFF run. The USD system was
operated using the syringe pump programmed to deliver the defined flow
rates (Figure 4-9). A constant transmembrane pressure of 1.0 bar was
maintained by manually controlling the disc speed every five minutes (Figure
2-2I).
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Figure 4-8 Effect of two operating conditions on the total resistance as a function of
diafiltration volumes for the USD and a pilot-scale TFF system. TFF experiments
are operated at constant mean transmembrane pressure (∆P̅ TMP) mode whilst USD
experiments were operated at constant flux mode. The disc speeds used give
similar values of shear rate as for the TFF crossflow rates. The USD runs are
operated at constant flux to match the average flux (0 < DV< 7) of selected TFF
runs in Figure 4-4A in: (A) of 55 LMH (from the 4 LMM); and (B) of 81 LMH (from
the 10 LMM). RT for TFF runs is calculated using Equation 1-17 and assumes µP of
0.0010 Pa s and RFo = 0. The pilot-scale TFF system was run at room temperature
(20.0 ± 1.0 °C) and the USD system was temperature controlled (20.0 ± 0.5 °C).

140

Figure 4-9 Individual average flux values at each diafiltration volume for the pilotscale TFF runs performed. These data were obtained from Figure 4-4. The
calculated flow rates (Q) were used to programme the syringe pump in the USD
system.
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The four pilot-scale TFF trials were successfully mimicked with the USD
system in terms of the profile of the transmembrane pressure (Figure 4-10, i),
the flux (Figure 4-10, ii) and therefore the total resistance (Figure 4-10, iii)
over time.
Pilot-scale TFF trials were run at constant crossflow rate, QF (Figure 4-10, iv)
whilst the equivalent USD runs required increasing disc speed, N (Figure
4-10, v) over time to maintain the transmembrane pressure constant. This
means there is a stable ȳav profile over time for the pilot-scale TFF system
whilst there is an increasing trend of ȳav with time for the USD system (Figure
4-10, vi). In addition, the predicted characteristic average shear rate (ȳ av)
was always lower in the USD than in the pilot-scale TFF trials (Figure 4-10,
vi).
A greater initial disc speed possibly may have allowed USD operation at
equivalent shear rate, and thus constant flow conditions resembling the
operation of the pilot-scale TFF system. The type of controlled operation,
manual versus automatic, was thought to be crucial when explaining the
different behaviours of each system.
Automated operation
In order to mimic the control system of the pilot-scale TFF operation, an
automated pressure control was incorporated in the USD system to maintain
both average shear rate and transmembrane pressure constant throughout
the operation. This was achieved using a bespoke LabVIEW algorithm,
developed by Dr. Anand Pallipurath Radhakrishnan. It was set to control the
diafiltration flow rate (QDF) as a function of the feed/retentate chamber
pressure (PR) in the USD system (Figure 2-2I). A constant disc speed was
able to be maintained over time, resembling the constant-flow conditions of
the pilot-scale TFF system. The desired transmembrane pressure (ΔPTMP) in
the USD system, which was the same as the chamber pressure (PR), was
set prior to the experimental runs. Pressure was measured every second and
the diafiltration flow rate iterated by a gain if the measured feed/retentate
pressure fell outside the set range (further details in Section 2.2.3).
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Figure 4-10 Effect of different parameters as a function of diafiltration volumes
comparing automated pilot-scale TFF trials and manual USD runs. The parameters
shown are: (i) transmembrane pressure, ΔPTMP; (ii) flux, J; (iii) total resistance, RT;
(iv) crossflow rate, QF; (v) disc speed, N; and (vi) characteristic average shear rate,
ȳav. The crossflow rates in the pilot-scale TFF system studied are: (A) 2 LMM, (B) 4
LMM, (C) 6 LMM, and (D) 10 LMM. Manual constant pressure operation is attained
in the USD system by adjusting disc speed over time (Figure 2-2I). Automatic
pressure control in the pilot-scale TFF operation is attained through the automatic
retentate valve. Flux values for the pilot-scale TFF runs (Figure 4-9) were used to
calculate the total resistance (Equation 1-17). The protein solution, buffers, and
experimental operation are the same as those described in the legend of Figure 4-2.

143

4.3 Establishment of scale translation methodology
4.3.1 Experimental details
In order to establish a representative scale-translation between USD and
pilot-scale TFF, diafiltration experiments were designed to focus on the
membrane performance where the diafiltration buffer was the same as the
buffer of the protein feed solution. Diafiltration mode ensured no variation of
the protein concentration over time whilst the same buffer (10 mM Tris
Acetate pH 5.4) maintained the same ionic environment of the protein
minimising any possible ionic effects on the stability over time.
A protein solution (mAb-A) was selected for these experiments at a
concentration of 12 mg/mL. The rheology of this protein showed Newtonian
behaviour across the predicted shear rates range between 600 and 7000 s -1
(Figure 4-11). The following section will discuss the steps required to perform
a scale translation between the USD and pilot-scale TFF system, both
operating in constant transmembrane pressure mode.
4.3.2 Scale translation
A scale-down ratio of ~1:500 by maintaining a volumetric loading (ML =

VF
A

)

of 8.1 L of feed per membrane area is attained between the systems (Table
4-2). Two main assumptions were made to translate and design comparable
conditions.
The mean transmembrane pressure (ΔP̅TMP) in the pilot-scale TFF system
was assumed equivalent to the single-point transmembrane pressure
(ΔPTMP) in the USD system, i.e. ΔP̅TMP.TFF ≈ ΔPTMP.USD. Secondly, the
characteristic average shear rate (ȳav) was assumed equivalent across
scales i.e. experimental ȳav.TFF ≈ simulated ȳav.USD (Table 4-2).
Experiments were designed in the USD system across a range of disc
speeds (800 < N < 5000 rpm) and in the pilot-scale TFF system across a
range of a crossflow rates (2 < QF < 10 LMM). Shear rates were predicted for
each condition in each system using the viscosity of water and the protein
solution.
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Figure 4-11 Effect of viscosity on the characteristic average shear rate for a
12mg/mL mAb-A feed solution. These measurements were taken in triplicate and at
a temperature of 20°C. Coefficient n was determined (= 0.98) using µ F = k ȳavn-1.
The feed was formulated in 10 mM TrisAcetate pH 5.4.

Table 4-2 Design differences between the pilot-scale TFF system and the USD
system. Footnotes in the table represent: † area for final blanked design for USD
device (Section 3.7); ‡ membrane’s definition for Pellicon 3 membrane cassette
(Section 2.1.2); § achieved using feedback loop control to adjust syringe pump flux
rate (Section 2.2.3); ¶ achieved using adjustable pinch-valve on retentate outlet
stream (Section 2.3.2).

145

Figure 4-12 Comparison of shear rate relationships for: (A) USD as a function of
disc speed using CFD analysis and (B) pilot-scale TFF using measured ∆Pax for set
QF values. In (A), ȳav is predicted using CFD for water (μ w = 0.0010 Pa s) using ▼,
and the mAb solution to be studied (μ F = 0.0013 Pa s) using ▽. Further details for
the USD estimations are found in the legend of Figure 3-28. In (B), calculated ȳav for
water (ȳav.c.w) and predicted ȳav for protein (ȳav.pr.F.t) are calculated from the measured
ΔPax for ultra-pure water and either μw = 0.0010 Pa s or μF = 0.0013 Pa s
respectively. Calculated ȳav for protein (ȳav.c.F) is determined from the measured ΔP ax
for protein and μF = 0.0013 Pa s. Further details of the shear rate calculations for
the pilot-scale TFF system are included in the legend of Table 4-1.
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Comparable flow conditions are estimated as a similar range is attained by
the predicted shear rates for the protein solution in the USD device (Figure
4-12A) and the pilot-scale TFF system (Figure 4-12B).
4.3.3 Flux
The flux as a function of time for the USD and the pilot-scale TFF system
were compared for varying disc speeds or crossflow rates respectively
(Figure 4-13). As expected, higher steady-state flux was achieved for
increased flow conditions. In both cases, the membranes behave similarly
with comparable flux profiles as a function of increasing diavolumes.
The rate of change of steady-state flux appears to be insignificant for all of
the selected flow conditions i.e. there is no significant evidence of fouling
layer even at the lowest flow conditions (ȳav < 1000 s-1 in Figure 4-14).
4.3.4 Resistance
The values of RM, RT, and RGel for various shear rates are shown in Figure
4-15. Similar effects were observed in the change in shear rate on the total
and the gel resistance in the USD and the pilot-scale TFF systems (Figure
4-15, ii and iii). At lower shear rates, protein molecules flow towards the
membrane surface and are not efficiently swept away due to weaker
cleaning action contributing to the formation of the gel layer. The gel
resistance dominates the total resistance distribution at low shear rates (<
2000 s-1). At higher shear rates, the membrane resistance dominates.
4.3.5 Comparative correlations
The membrane resistance (Figure 4-15, i) was similar for the Pellicon 3
membrane cassettes used in the pilot-scale TFF system and filter discs in
the USD system for this study. In order to account for the variability in the
membrane supply, particularly for the USD membranes, the overall
resistance was adjusted using a characteristic membrane resistance
(Equation 4-2). An adjustment factor, β (Equation 4-3) was determined for
each experiment to account for membrane variability.
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Figure 4-13 Effect of flow conditions on flux as a function of diafiltration volume
profiles for: (A) USD device operating at different disc speeds (see inset) and (B)
pilot-scale TFF at different crossflow rates (see inset). Both systems operated at the
same ΔPTMP of 1.0 bar (n=1 for USD and n=1 pilot-scale TFF for trends). Individual
data points obtained from moving average of raw data (n=100) where s.d. is ~ 1%.
The protein solution used in both (A) and (B) is a 12 mg/mL mAb-A solution. The
buffer composition of the feed and the diafiltration buffer was identical: 10 mM Tris
Acetate pH 5.4. The pilot-scale TFF system was run at room temperature (20.0 ±
Addasdasdasda1 °C) and the USD system was temperature controlled (20.0 ±
0.5 °C).

Figure 4-14 Effect of the system on the rate of change of flux as a function of
characteristic average shear rate. The rate of change was obtained for the region
DV = 3.5 to DV = 7 in Figure 4-13, i.e. after the flux had stabilised.

148

Figure 4-15 Effect of flow conditions on (i) membrane resistance (R M); (ii) steadystate total resistance (RT) and (iii) steady-state gel resistance (RGel) represented by
characteristic average shear rate for the USD and pilot-scale TFF systems. In (ii),
RT was derived from Figure 4-13 using Equation 1-17 assumes µP ≈ µDF (0.00104
Pa s). RGel is calculated using Equation 1-16 assuming RFo = 0. Characteristic
average shear rate, ȳav, is related to USD disc speed and to pilot-scale TFF
crossflow rate (Figure 4-12). Error bars in (i) and (ii) are calculated as the range
between resistance measurements in the stable region, DV = 3.5 to 7.0 (n=1 USD
and pilot-scale TFF). Error bars in (iii) are calculated as the sum of errors of (i) and
(ii). For the membrane resistance graph (i), horizontal average (solid,

___

) and

average ± 1 s.d. (dashed, - -) lines are given. Note vertical y axis runs to -0.6 x1012
m-1 to aid visualization. The experimental details are included in the legend of
Figure 4-13.
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̅ M = ∑n RM
R
1
n

β=

̅ M - RM
R
RT

Ĵav = Jav (1-β)

Equation 4-2

Equation 4-3

Equation 4-4

Normalised average flux rates (Ĵav ) (Equation 4-4) and the gel resistance
(RGel) were used to compare experimental runs of both systems at equivalent
characteristic average shear rates, ȳav (Figure 4-16). There is good
agreement in Ĵav and RGel data as shown in Figure 4-16A and B respectively
between the USD and pilot-scale TFF experimental runs. The coefficient of
0.36 ± 0.04 in Figure 4-16A compares with the published range of 0.33 to
1.30 for protein processing applications (Cheryan, 1998).
This agreement was further evaluated for an identical diafiltration operation
using a second monoclonal antibody solution as a proof-of-concept
experiment (mAb-B). The two monoclonal antibodies (mAb-A and mAb-B)
were similar in structure and in terms of shear sensitivity. A comparable
match between the predicted USD fluxes and the measured pilot-scale TFF
fluxes was obtained at the single flow condition evaluated (Figure 4-17).

4.4 Conclusion
Two TFF systems, a pilot-scale (0.11 m2) and a lab-scale (0.005 m2), were
compared in terms of process performance using flux, pressure and product
quality measurements. Due to overall better control, the pilot-scale TFF
system was selected. The average shear rates across the membrane
surface were characterised using the measured axial pressure drop for water
and the viscosity of the protein solution to be used (µ F = 0.00013 Pa s).
The performance of this pilot-scale TFF system operating in constant
pressure mode was initially compared with the USD system operating in
constant flux mode.
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Figure 4-16 Comparison of the USD and pilot-scale TFF performance using CFD
predicted ȳav for USD to match with experimental ȳav for pilot-scale TFF using: (A)
normalised average flux and (B) gel resistance. Normalised average flux, Ĵ av was
given by Equation 4-4 using steady-state flux in the stable region (3.5 < DV < 7.0)
from Figure 4-13. Error bars in (A) are obtained from the s.d. of values in the stable
region (3.5 < DV < 7.0) in Figure 4-13 and in (B) from Figure 4-15iii. Correlations
obtained are: Ĵ av ∝ ȳav0.36, R2 = 0.89; and RGel ∝ ȳav0.63, R2 = 0.81. Note 95%
confidence bands are included and vertical y axis in (B) runs to -0.6 x1012 m-1 to aid
visualisation. See Figure 4-13 legend for further description about the protein
solution and buffers used.

Figure 4-17 Comparison of USD and pilot-scale TFF flux for mAb-A and mAb-B at
12 mg/mL. A single ȳav point for USD was used to match with experimental ȳav for
pilot-scale TFF (ȳav ≈ 2200 s-1) corresponding to a disc speed of 2100 rpm and a
crossflow rate of 4 LMM (Figure 4-12). 12 mg/mL mAb-A data were obtained from
Figure 4-16 at these conditions. mAb-B feed was a 12 mg/mL solution buffered in
the same composition as mAb-A; 10 mM TrisAcetate pH 5.4. See Figure 4-13
legend for further description about the protein solution and buffers used.
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While there were similarities in the flux profiles, it was difficult to gain a match
between the scales and the operating mode of the USD system was
changed. A method was introduced to operate the USD system in constant
transmembrane pressure mode. Good agreement was attained between the
two systems when operating at the same characteristic shear rate in terms of
the fluxes and resistances.
The presented methodology proved to be successful for diafiltration
operations with a 12mg/mL monoclonal antibody solution at a single
transmembrane pressure. It was successfully tested with a second
monoclonal antibody at a single flow condition. The need to extend this
methodology to a wider range of experiments including for example, different
transmembrane pressures, higher protein concentrates, and concentration
operations, formed the basis for the next chapter.
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Chapter 5 : Applications using the ultra scale-down system
as a predictive tool for tangential flow filtration systems
5.1 Introduction
An important consideration when designing scale-down tools is their
predictability of full-scale operations. Examples where the performance
across scales has been compared include cell-culture stages (ambr®15
versus. 2L bioreactors by Hsu et al., 2012), chromatographic stages (600 µL
Robocolumns versus. 6L pilot and manufacturing columns by Evans et al.,
2017) and membrane filtration TFF operations (1.5 mL ultra scale-down
(USD) membrane shear device versus. 500 mL Millipore system by Ma et al.,
2009).
This chapter will explore the use of the USD system developed in Chapter 4
as a predictive tool for full-scale TFF operations. Four USD and four
comparable TFF flow conditions will be used to explore the performance of
___________________________________
* Most of the results in this chapter are included in:
Fernandez-Cerezo, L., Rayat, A., Chatel, A., Pollard, J., Lye, G., Hoare, M. (2017) An ultra
scale-down method to predict diafiltration performance during formulation of concentrated
mAb solutions. Oral presentation at Challenges of Miniaturization and Automation in
Bioprocess Development, Proceedings of ECI Biochemical & Molecular Engineering XX.
Newport Beach, CA, USA, 16-20 July 2017.
Fernandez-Cerezo, L., Rayat, A., Chatel, A., Pollard, J., Lye, G., Hoare, M. (2017)
Predicting membrane performance for the diafiltration of monoclonal antibody solutions
using an ultra scale-down method. Oral presentation at Biochemical Engineering,
Proceedings of 3rd International Conference in Chemical Engineering. Skokie, IL, USA, 2-4
October 2017.
Fernandez-Cerezo, L., Rayat, A., Chatel, A., Pollard, J., Lye, G., Hoare, M. (2018)
Predicting membrane performance for the concentration and diafiltration of mAb solutions
using an ultra scale-down method. Oral presentation at Automated Technologies & HighThroughput System in Biologics Production, Proceedings of 255th ACS BIOT Conference.
New Orleans, LA, USA, 18-22 March 2018
Fernandez-Cerezo, L., Rayat, A., Chatel, A., Pollard, J., Lye, G., Hoare, M. (2019) An ultrascale down method to investigate the flux performance of tangential flow filtration (TFF)
using ultrafiltration membranes. Biotechnology and Bioengineering. 116(1): 581-590
(https://doi.org/10.1002/bit.26859)
Fernandez-Cerezo, L., Rayat, A., Chatel, A., Pollard, J., Lye, G., Hoare, M. (2019)
Prediction of the operating performance and the impact of quality during membrane
performance in monoclonal antibodies. [To be submitted in April 2019]
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these two systems. These were derived from the disc speed (USD) and the
crossflow rate (TFF) correlations for ȳav. It is assumed that ȳ av varies similarly
as a function of process viscosity in both systems.
This chapter will first present a brief study of the rheology of the monoclonal
antibody solution to correlate the viscosity as a function of protein
concentration and the predicted shear rates to be explored. A discussion of
three applications will follow where the predicted fluxes by the USD system
will be compared to measured fluxes at pilot-scale TFF at comparable flow
conditions. These include evaluating: (1) the effect of transmembrane
pressure and flow conditions on the flux during diafiltration; (2) the effect of
feed concentration on the flux during diafiltration steps; and (3) the effect of
volume concentration factor on the flux during ultrafiltration/diafiltration
stages. A comparison between the systems in terms of soluble and nonsoluble aggregates will also be included. This chapter will conclude with a
study exploring the effect of processing on the turbidity of the protein stream
and the impact of different process equipment design.

5.2 Rheology
The rheology of the two monoclonal antibody solutions (mAb-A and mAb-B)
was studied (Figure 5-1A). In all cases, Newtonian behaviour may be
assumed across the range of shear rates tested, i.e. constant viscosity
behaviour. This is usually observed as Brownian thermal collisions are
significantly faster than the flow time scale. These collisions result in the
protein solution being isotropic and prevent the formation of higher protein
configurations in native static state (Zarraga et al., 2013). An exponential-like
relationship was observed between viscosity and concentration across the
range tested coinciding with other published literature (Lilyestrom et al.,
2013) (Figure 5-1B).

5.3 Predicting the membrane performance
5.3.1 Application 1: Operating space establishment
USD predictions
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Figure 5-1 Effect of the feed concentration on viscosity as a function of (A)
characteristic average shear rate and (B) at a fixed value of 2200 s-1. In (A), the
chosen range of ȳav (1000 – 7000 s-1) was representative of the studied flow
conditions in the flat-sheet membrane cassette (Table 4-1). Coefficient n was
calculated (= 1.01 ± 0.02) using µF = k ȳavn-1. In (B) an exponential trend has been
fitted using y = AeBx resulting in A = 0.96 Pa s and B = 0.02 mL/mg resulting in a
trend with R2 = 0.95 in Origin software. The different concentrations were made as
dilutions from the stock solution at the highest concentration: 30 mg/mL for mAb-A
and 155 mg/mL for mAb-B. Viscosity was measured at room temperature, 20.00 ±
0.05°C, in triplicate (error bars (± 1 s.d.) lie within the data points).
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The USD device (see Section 3.7), was devised to preliminarily establish an
operating space for TFF operations for a protein solution across a range of
ΔPTMP, feed concentrations, and flow conditions.
A series of USD experiments in diafiltration mode (Figure 2-3B) were
performed for three different feed concentrations: 5, 15, and 30 mg/mL.
Diafiltration mode was selected using the same composition for the
diafiltration buffer as that in the feed solution to maintain a constant ionic
environment. Steady-state flux was measured across a range of ΔPTMP in
0.15-bar ascending increments from 0.4 to 1.6 bar.
An asymptotic correlation was observed between the diafiltration flux and the
transmembrane pressure drop for all conditions tested in the USD system
(Figure 5-2i). At a given feed concentration, the flux was observed to
increase as a function of flow conditions. For example, at 5 mg/mL and a
transmembrane pressure drop, ΔPTMP, of 1.6 bar (Figure 5-2 A, i), the flux
increased from 100 LMH (2100 rpm) to 150 LMH (5000 rpm).
At a given flow condition, the flux was predicted to drop with increasing feed
concentration. For example at a disc speed, N, of 5000 rpm and a ΔPTMP of
1.6 bar, flux dropped from ~ 150 LMH (Figure 5-2 A, i) to ~ 90 LMH (Figure
5-2 C, i) from 5 to 30 mg/mL respectively.
Two flow regions can help describe the trend of flux with ΔPTMP. Typically, in
the pressure-controlled region (i.e. at low ΔPTMP, low feed concentrations
and/or high flow conditions), flux increases linearly with increasing ΔPTMP. No
concentration polarization occurs, i.e. no significant gel layer on the
membrane surface is formed. At higher ΔPTMP, higher feed concentrations
and/or lower flow conditions, osmotic pressure across the membrane surface
and mass-transfer effects start becoming paramount. In the mass-transfer
controlled region, flux no longer increases with ΔPTMP as back-diffusion
occurs, where proteins diffuse back into the bulk solution and concentration
polarization effects occur (Section 1.3 and Figure 1-10).
The optimum ΔPTMP is typically defined as the highest ΔPTMP before
transitioning into the mass-transfer controlled region at the knee of the curve.
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Figure 5-2 Effect of flow conditions on flux - transmembrane pressure drop profiles
for the USD system. The three concentrations (and viscosities at 20°C) studied
were: (A) 5 mg/mL (0.00103 Pa s), (B) 15 mg/mL (0.00120 Pa s), and (C) 30 mg/mL
(0.00137 Pa s). In (i), asymptotic exponential curves (J = a (1 - bΔPTMP) where a, b
are constants unique to each condition, y is the measured flux and x is the
transmembrane pressure) have been fitted with average R2 = 1.00. The
corresponding average shear rates for each concentration explored are detailed in
(ii). The order of experiments started with the lowest feed concentration (5 mg/mL),
at the lowest ΔPTMP (0.4 bar) and at the lowest flow conditions (N = 2100 rpm).
Whilst maintaining the same feed concentration and flow conditions, flux was
measured at increasing ΔPTMP (~ 0.15 bar intervals). This was repeated for the other
three flow conditions in ascending order up to N = 5000 rpm. The same sequence of
order of experimental runs was used for 15 and 30 mg/mL solutions. The flux
reported was calculated from the average flux once stabilised (10 < t (min) < 15)
and normalised by accounting for membrane variability as a percentage of the total
resistance (Equation 4-4). All experimental runs were run in diafiltration mode
(Figure 2-3B) (n=1) controlled at 20.00 ± 0.5 °C (room temperature). All feed
solutions contained mAb-A formulated in 10 mM TrisAcetate pH 5.4.
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The magnitude of the chosen ΔPTMP for operation impacts the pump running
costs and therefore, should be maintained as low as possible whilst
maximising high fluxes.
The optimum ΔPTMP rises with increased flow conditions and drops with
increasing feed concentration. For example, at 5 mg/mL, the optimum ΔPTMP
rises from ~ 1.0 bar (N = 2100 rpm) to ~ 1.6 bar (N = 5000 rpm) (Figure
5-2A, i). The optimum ΔPTMP drops at N = 5000 rpm from around ~ 1.6 bar (5
mg/mL in Figure 5-2A, i) to ~ 0.75 bar (30 mg/mL in Figure 5-2C, i).
Predicted characteristic average shear rate values, ȳav, were obtained for
each of the flow conditions tested in the USD system (Figure 5-2ii) using
CFD simulations as detailed in Figure 3-3D. By combining ȳav and the fitted
parameter correlations from Figure 5-2i, a design space to evaluate the
effects of ΔPTMP and ȳav was developed for the USD predicted fluxes at each
protein concentration (Figure 5-3). These predicted plots could for example
help decide the optimum conditions for a particular molecule prior to fullscale operation predicting the transition between the pressure- and the mass
transfer-controlled regions.
Comparison with the pilot-scale TFF system
Pilot-scale TFF runs were conducted at a range of crossflow rates for typical
operation (Millipore, 2003). Steady-state flux was recorded during diafiltration
experiments across a range of ΔP̅TMP in ~0.25-bar increments from 0.4 to 1.6
bar. The trends between the flux, the flow conditions, and the feed
concentrations observed in the pilot-scale TFF system experiments (Figure
5-4i) were similar to those described for the USD experiments (Figure 5-2i).
The flux rises as a function of increasing flow conditions at a given
concentration and ΔP̅TMP. It decreases as a function of concentration at a
given crossflow rate and Δ P̅TMP (Figure 5-4i).
The optimum ΔP̅TMP for each condition is similar to the predictions by the
USD, i.e. the transition between the pressure- and the mass transfercontrolled areas appears to overlap with the USD predictions.
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Figure 5-3 Effect of shear rate and transmembrane pressure on permeate flux
across a USD predicted design space . The three concentrations (and viscosities at
20°C) studied were: (A) 5 mg/mL (0.00103 Pa s), (B) 15 mg/mL (0.00120 Pa s), and
(C) 30 mg/mL (0.00137 Pa s). The correlations from Figure 5-2 (i) were used to
predict

values

across

Ĵ USD = y̅ av ∙[c ∙ (1 - d ∙y̅ av )

∆PTMP

a

design

space

range

fitting

to

] where c and d are constants for each concentration

tested. Information about the order of experiments, and protein solutions used are
detailed in Figure 5-2 legend.
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Figure 5-4 Effect of flow conditions on flux - transmembrane pressure drop profiles
for the pilot-scale TFF system . In (i), asymptotic exponential curves (y = a-bcx
where a, b and c are constants) have been fitted with average R 2 = 1.00. The
corresponding average shear rates for each concentration are detailed in (ii)
assuming non-laminar conditions. The order of experiments started with the lowest
feed concentration (5 mg/mL), at the lowest ΔPTMP (0.25 bar) and at the lowest flow
conditions (QF = 4 LMM). Whilst maintaining the same feed concentration and flow
conditions, flux was measured at increasing ΔPTMP. This was repeated for the other
three flow conditions in ascending order up to Q F = 11 LMM. The same sequence of
order of experimental runs was used to obtain the Jav - ΔPTMP correlations for 15 and
30 mg/mL solutions. Pilot-scale TFF diafiltration operations were run as shown in
Figure 1-9D, ii (n=1). The same solutions, experimental and data acquisition
procedure were used as those described in Figure 5-2 legend.
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The crossflow rates were translated to characteristic average shear rate
values (Figure 5-4ii). Due to non-laminar regimes applying in all conditions
(Re > 2100), the measured axial pressure drops using water at each
crossflow rate and the viscosity of each of the protein feed solutions were
used for the calculations assuming fully turbulent flow as detailed in Section
4.2.3.
The USD flux predictions, derived from the design space in Figure 5-3, were
estimated for pilot-scale TFF conditions and compared with the data
measured in the pilot-scale TFF system. Good agreement was found
between the USD predictions and the measured flux values from the pilotscale TFF system (Figure 5-5), in particular at the highest flow conditions
and ΔPTMP (Figure 5-5C). The USD system appears to over predict flux
values at the lower end of these parameters. These over-predictions indicate
that the pilot-scale TFF system may be transitioning as Re < 2100 and may
be better described in the laminar regime whilst the USD system remains in
the turbulent regime. The estimation of ȳ av for the pilot-scale TFF system
may require an alternative strategy to account for the axial pressure drop
becoming a function of the feed viscosity, ΔPax = f(µF) (Section 4.2.3).
5.3.2 Application 2: Effect of feed concentration for diafiltration
operations
A range of feed concentrations was evaluated in USD diafiltration
experiments. Due to material limitations, only some of the lower feed
concentrations were run at pilot scale. The rheology of all feed solutions
studied is given in Figure 5-1.
A single flow condition was tested in this application. A crossflow rate, QF, of
4 LMM was chosen for TFF alongside a disc speed, N, of 2100 rpm for USD
trials, both giving similar shear rates for solution viscosities from 0.00103 to
0.00127 Pa s (Figure 5-2ii, Figure 5-4ii).
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Figure 5-5 Effect of measured flux from TFF system versus predicted flux obtained
from the USD system. The measured flux by TFF system were obtained from Figure
5-4 (i). The predicted flux by USD was obtained from Figure 5-2 (ii) using
J = y̅ av ∙[a -b ∙(c∙y̅ av )

∆PTMP

. The resulting R2 are: (A) 0.97; (B) 0.83; and (C) 0.96. The

order of experiments is detailed in Figure 5-4 legend. The same solutions,
experimental and data acquisition procedure were used as those described in
Figure 5-2 legend.
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Flux
The flux was recorded as a function of time for a range of feed
concentrations in the USD system (Figure 5-6A, i) and in the pilot-scale TFF
system (Figure 5-6A, ii).
In both systems, steady-state flux was attained for all concentrations, i.e.
there was negligible fouling layer resistance (R Fo = 0). The steady-state
region was defined between DV = 3.5 and DV = 7.0 where the average flux
fluctuated by ≤ ± 5%. The three pilot-scale TFF trials matched the
corresponding USD-predicted trends (Figure 5-6A). The steady-state
average flux was calculated for each condition tested and was plotted
against the feed concentration (Figure 5-6B). For a given transmembrane
pressure, the USD system predicted an exponential-like decrease of the
diafiltration flux with increasing feed concentration. The pilot-scale TFF trials
lay within the USD flux-time profile.
Resistance
The trends of membrane (RM), total (RT), and gel (RGel) resistances with feed
concentration for the USD and pilot-scale TFF runs are given in Figure 5-7. A
similar membrane resistance is obtained in both systems (Figure 5-7i). An
increase in total and gel resistance with increasing feed concentration was
observed for the USD system (Figure 5-7A, ii and iii). The pilot-scale TFF
trials suggest similar effects occur yielding comparable resistances to the
USD runs (Figure 5-7B, ii and iii).
Even though the gel resistance mostly dominates across the explored range
in the USD system, the ratio of membrane resistance over the total
R

resistance ( RM ) varies with increasing feed concentration. It decreases from ~
T

40% at 0.8 mg/mL to ~ 5% at 155.0 mg/mL. Hence, it might be expected as
protein concentration increases, the number of protein molecules flowing
towards the membrane surface increases and hence forms an increased gel
layer.
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Figure 5-6 (i) Effect of feed concentration on the flux as a function of diafiltration
volumes for the (A) USD system and (B) pilot-scale TFF system. (ii) Effect of the
system used on the average flux as a function of feed concentration. In (i) the
reported flux values were obtained from moving average of raw data (m = 100)
where s.d. is ~ 1%. In (ii) the average flux (Jav) was calculated from the steady-state
flux of each individual run in the stable region (3.5 < DV < 7.0) from (A). The error
bars lie within the data points and represent the range of the flux in the stable region
(n=1 USD and n=1 pilot-scale TFF). The buffer composition of the feed and the
diafiltration buffer was identical: 10 mM TrisAcetate pH 5.4. A constant
transmembrane pressure drop, ΔPTMP, of 1.00 ± 0.05 bar was maintained in both
systems. All pilot-scale TFF experimental runs were conducted at constant Q F = 4
LMM and the USD trials at constant N = 2100 rpm. The pilot-scale TFF system was
run at room temperature (20.0 ± 1.0 °C) and the USD system was temperature
controlled (20.0 ± 0.5 °C).
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Figure 5-7 Effect of mAb-B feed concentration on (i) membrane resistance (RM); (ii)
steady-state total resistance (RT) and (iii) steady-state gel resistance (RGel). RT
determination uses Equation 1-17 and fluxes from Figure 5-6, and assumes µP ≈ µDF
(0.00104 Pa s). RGel is calculated using Equation 1-16 assuming RFo = 0. Error bars
in (i) and (ii) are calculated as the range between resistance measurements in the
stable region, DV = 3.5 to 7.0 (n=1 USD and pilot-scale TFF). Error bars in (iii) are
calculated as the sum of errors of (i) and (ii). For the membrane resistance graph (i),
horizontal average (solid,

___

) and average ± 1 s.d. (dashed, - -) lines are given. The

experimental details are included in the legend of Figure 5-6.
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Estimating mass transfer coefficient
It is recognised that RGel is a hypothetical concept describing the resistance
which may be attributed to some form of gel film at the membrane surface
(Section 1.3.8). However, it is convenient as it helps describe the relative
importance of various effects determining the flux. An alternative insight of
the effects at the membrane surface may be gained through mass transfer
considerations in terms of concentration polarisation effects.
Here, the membrane performance of both scales is determined by the mass
transfer coefficient (k) and the gel concentration on the protein surface (C Gel)
using the stagnant film model: Jlim = k ln

CGel
CF

(Equation 1-14 in Section 1.3.8).

This has been used to compare different type of membrane screen
promoters (Sengler et al., 2015) and to investigate the effect of high
concentrations of histidine and imidazole of high protein concentrates to
reduce the solution viscosity (Hung et al., 2016).
Good agreement in both k and CGel was found between the scales further
supporting the USD potential capabilities to predict membrane performance.
There is no significant difference in the k and C Gel values obtained at USD
and pilot-scale (Figure 5-8). A CGel ≈ 440 mg/mL represents the hypothetical
protein concentration in the solid-like gel layer on the membrane surface. A k
value of ~ 18 LMH lies within the reported range of 13 to 37 LMH (Sengler et
al., 2015).
5.3.3 Application 3: Effect of retentate concentration on the flux for
ultrafiltration/diafiltration operations
In this section, ultrafiltration/diafiltration (UF/DF) operations were evaluated
using the same flow conditions were used as for Section 1615.3.2. A
crossflow rate, QF, of 4 LMM was chosen for TFF alongside a disc speed, N,
of 2100 rpm for USD trials, both giving similar shear rates for solution
viscosities from 0.00103 to 0.00127 Pa s (Figure 5-2ii, Figure 5-4ii).
A two-stage fed-batch UF/DF operation was conducted with the USD system
(Figure 2-3) and the pilot-scale TFF system (Figure 1-9D). These were
conducted by maintaining the feed/retentate tank volume constant over time.
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Figure 5-8 Effect of the system used on the flux as a function of the natural
logarithm of the feed concentration. The mass transfer coefficients are estimated
using the slope of these trend lines using Equation 1-14. The R2 are 0.99 for the
USD trend (__) and 0.97 for the pilot-scale TFF (__). The experimental details are
described in Figure 5-6.
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This was chosen to be consistent with the MSD design procedures achieving
the same rate of concentration as for the planned full-scale processes.
The flux was recorded as a function of time for the selected conditions in
both systems. The stages will be reviewed individually first followed by a
discussion of the combined UF/DF step.
Concentration, UF, stage
The four concentration stages studied were each designed by selecting a
volume concentration factor, VCF (Col 1 in Table 5-1) or a corresponding
retentate concentration (Col 2). A fixed volumetric ratio of final retentate
volume to membrane area was applied in these studies i.e. M L.R = 8.1 L/m2.
The resultant total feed volumetric loading is given (Col 3). Lastly, the mass
loading (Col 4) was determined and lay within a typical range (provided by
the MSD design team) of 200 to 1000 gm-2.
The USD system predicts a decline in flux with increasing retentate
concentration from final values of ~60 LMH at a C R of 25 mg/mL (Figure
5-9A) to ~20 LMH at CR of 99 mg/mL (Figure 5-9D). The pilot-scale TFF
system yields similar observations and durations as for USD. In both scales,
two distinct regions in the flux decline are observed: a sharper decline before
the cumulative mass loading is 300 gm-2 and a slower decline beyond 300
gm-2 (Figure 5-9, ii).
Diafiltration, DF, stages
Similar steady-state flux profiles with time are observed for both scales at the
four conditions tested (Figure 5-10). A good similarity in the absolute value as
well as the decline in flux with increasing concentration is seen between
systems.
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Table 5-1 System design for concentration step. VCF (Col 1) is determined by the
user. CR is the retentate concentration (Col 2) is determined by CF ∙ VCF where CF =
12 mg/mL. ML.T (Col 3) is determined by VCF ∙ ML.F/R where ML.F/R = 8.1 L/m2. ML.T is
used to determine total feed volume, VT. For example, a ML.T of 17 L/m2 with AUSD =
0.00021 m2 results in VT = 0.003 L. MG (Col 4) is calculated by ML.T ∙ CF.
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Figure 5-9 Effect of the retentate concentration on flux profiles during the
concentration, UF, fed-batch stage as a function of: (i) the duration, and (ii) the
cumulative mass loading. The final required retentate concentrations and mass
loadings are: (A) 25 mg/mL ≈ 200 gm-2, (B) 37 mg/mL ≈ 300 gm-2, (C) 74 mg/mL ≈
600 gm-2, and (D) 99 mg/mL ≈ 800 gm-2 (Table 5-1). The initial feed is a 12 mg/mL
mAb-B solution. Normalised flux, Ĵ, is derived from the measured flux as a function
of time in Equation 4-4. The data points represent the moving average of ~ 100 data
points to reduce data set and aid visualization (n=1 USD and n=1 pilot-scale TFF).
In (ii), the approach to the desired cumulative mass loading was determined from
the permeate mass fractions as a function of time. The experimental conditions are
detailed in the legend of Figure 5-6.

Figure 5-10 Effect of the retentate concentration on flux profiles as a function of
diafiltration volumes during the diafiltration stages. The retentate concentrations are:
(A) 25 mg/mL, (B) 37 mg/mL, (C) 74 mg/mL, and (D) 99 mg/mL (Table 5-1). Details
about data acquisition and experimental conditions are the same as those detailed
in the legend of Figure 5-8 and Figure 5-6 respectively.
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UF/DF stage as a whole
The use of the USD system during UF/DF operations gives an insight into
the trade-off between the duration and the desired volume concentration
factor.
It was able to predict the flux profile for a combined UF/DF step as well as
the effect of the retentate concentration on the flux. These predictions could
propose a suitable retentate concentration, and a resulting mass loading, to
help design UF/DF stages over the recommended duration of 3-4 hours. The
mass loading is a parameter characteristically used to assess the scale-up
and design of UF/DF membrane operations.
The total duration from the USD trials with a retentate concentration of 25
and 37 mg/mL (MG = 200 and 400 gm-2 respectively) is lower (tUF/DF ≤ 1.3 hrs)
than the recommended duration (Figure 5-11A, B). This means it is not costeffective, as it will need greater membrane area requirements to process a
given feed volume at full scale. A retentate concentration of 99 mg/mL (M G =
800 gm-2) offers a cost-effective option with reduced membrane area
requirements. However, it requires a t UF/DF ≈ 4.6 hrs, exceeding the
recommended duration.
Out of the range explored in these studies, the USD predictions would
recommend a retentate concentration of 74 mg/mL (VCF = 6) (Table 5-1) and
600 gm-2 as the selected parameters for TFF operation requiring a t UF/DF ≈
3.3 hrs.
These studies could be extended to evaluate the trade-off between: (a) the
mass loading, membrane area requirements and duration at a given
retentate concentration, and (b) the target retentate concentration and the
duration at a given mass loading. This would involve redesigning the USD
device as variable membrane requirements and variable feed/retentate tank
volume would be required for approach (a) and (b) respectively. This will be
discussed in future work (Chapter 7), with examples provided in Appendix 8.
The next section will discuss the use of the USD system to predict the effect
of processing on the quality of the protein solution.
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Figure 5-11 Comparison of USD (open squares) and TFF (closed squares) for the
combined UF/DF stages. The operation involved a two-stage fed-batch operation.
The final required retentate concentrations and mass loadings are: (A) 25 mg/mL ≈
200 gm-2, (B) 37 mg/mL ≈ 300 gm-2, (C) 74 mg/mL ≈ 600 gm-2, and (D) 99 mg/mL ≈
800 gm-2 (Table 5-1). Details about data acquisition and experimental conditions are
the same as those detailed in the legend of Figure 5-8 and Figure 5-6 respectively.
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5.4 Predicting the quality of the product
5.4.1 Smaller soluble aggregates
The effect of processing on the presence of soluble aggregates, specifically
dimers, was evaluated using size exclusion chromatography.
The quality of the feed significantly decreased from 99.3% monomer in 0.8
mg/mL to 98.6% monomer in 155 mg/mL (results not shown here). This
could be due to higher protein concentrations being more prone to lead to
the formation of dimers when exposed to aggregate-inducing effects such as
stirring or mixing (Section 1.2.6).
The change in dimer level due to processing was determined for both DF
and UF/DF operations. A change in dimer of < ± 0.5% was detected across
the range explored in the USD system (Figure 5-12A) with a possible
decrease with increasing feed concentration. A change in dimer of < ± 0.25%
(close to the system detection limit) was measured due to processing in the
pilot-scale TFF system.
5.4.2 Higher non-soluble aggregates
Turbidity using OD650
Trends of ∆OD650 as a function of concentration (Figure 5-12B, i) and
duration (Figure 5-12B, ii) were obtained for a range of DF and UF/DF trials.
∆OD650 in the USD system was over one order of magnitude greater than
that for the pilot-scale TFF for equivalent operations. This highlights a
significant difference between the systems. One hypothesis is that this
difference is related to the combination of high shear zones in the presence
of membrane and/or metal surfaces unique to each configuration.
The next section will use single-variable data sets to try and build up a
correlation linking time, concentration and the different USD and TFF
configurations firstly for DF only, where CR = CF, and then for UF/DF stages,
where CR > CF. USD studies were selected as the starting basis.
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Figure 5-12 Effect of the operation and the system used on: (A) the change in dimer
and (B) the change in turbidity due to processing as a function of (i) retentate
concentration and (ii) duration. Two operations were studied: UF/DF operations

(●, ▼) and DF operations (○, ▽). In (A) ∆ in dimer (%) values are calculated
by the difference in dimer present between the feed and the retentate sample
at each concentration. An example of a mAb-B SEC chromatogram for feed
(Figure 8-2A), USD resulting retentate (Figure 8-2B), and pilot-scale TFF
resulting retentate (Figure 8-2C) are found in Appendix 6. In (B), ∆OD650
values are determined by the difference between the OD 650 value of the
retentate and the feed. All feed solutions contained mAb-B formulated in 10
mM TrisAcetate pH 5.4. All DF operations are conducted over seven
diafiltration volumes. All UF/DF runs are operated across a range of volume
concentration factors during UF followed by seven diafiltration volumes
during DF. Experimental details are included in the legend of Figure 5-6.
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Time
A series of diafiltration trials were conducted in the USD system at defined
membrane flow conditions (ȳav = 2200 s-1) with variations in the extent of
diafiltration volume resulting in a linear trend (Figure 5-13).
In order to evaluate the individual effect of time on the ∆OD650 across
multiple concentrations, similar 7 DV experiments with variations in the
concentration were incorporated. This resulted in ∆OD650/CR ∝ tDF 0.7 (R2 =
0.91) (Figure 5-14).
A first order reaction with respect to time might be expected if aggregation is
just based on the frequency of protein exposure to regions which promote
collisions and where the growing presence of aggregates does not
accelerate the process. One possible explanation for a value less than 1.0 is
that there may be additional factors such as the extent of diafiltration and
reversible aggregation.
Concentration
The individual effect of concentration was evaluated in Figure 5-15. This
resulted in a correlation suggesting a first order reaction with concentration
(∆OD650 ∝ C tDF0.7 (R2 = 0.98)). A linear increase in aggregation may be
expected for increased concentration assuming greater viscosity has little
effect on the protein stability.
Similar experiments using the pilot-scale TFF system at equivalent
membrane flow conditions (ȳav = 2200 s-1) were compared to the USD runs
(Figure 5-16). A parallel trend as a function of concentration and time was
observed although two-order in magnitude smaller than the USD results.
Note that the extent of scatter observed at ∆OD 650 < 0.005 is due to
experimental uncertainties which become significant at low ∆OD values.
Fraction of high shear zones by system volume
The USD and TFF data series were fitted by using ratios with respect to the
default USD configuration that yielded the best fit. A mean F value for each
system was fitted attaining least sum-of-squares.
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Figure 5-13 Effect of diafiltration time on the change in turbidity for USD runs. The
data were obtained in fed-batch mode (Figure 2-3B) over different extents of
diafiltration. The feed, i.e. initial, and retentate, i.e. final, concentration is 12 mg/mL.
Details of the diafiltration operation are the same as that described in Figure 5-6
legend.

176

Figure 5-14 Effect of diafiltration time on the ratio of change in turbidity over
concentration for USD runs. The 12 mg/mL USD data are derived from Figure 5-13.
Data from other concentrations are derived from Figure 5-12B. All conditions were
conducted for 7 DV alongside additional durations at 12 mg/mL. Details of the
diafiltration operation are the same as that described in Figure 5-6 legend.
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Figure 5-15 Effect of concentration on the change in turbidity as a function of
diafiltration time0.7 and concentration for USD diafiltration runs. Data are derived
from Figure 5-14 and updated tDF values with a power coefficient of 0.7. The USD
system was operated at 8.1 L/m2 across 1-155 g/L feed concentration.
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Figure 5-16 Effect of the system on the change in turbidity as a function of
diafiltration time0.7 and concentration for USD and pilot-scale TFF system
diafiltration operations. The data were obtained in fed-batch configuration for both
USD (Figure 2-3B) and pilot-scale TFF (Figure 1-9D) runs. The pilot-scale TFF
system operated at 8.1 L/m2 with a positive displacement pump. All conditions were
conducted for 7 DV at 1, 11 and 39 g/L alongside additional durations from 1 to 7
DV at 12 mg/mL. All USD data (triangles) are derived from Figure 5-15. The 7 DV
pilot-scale TFF data (circles) at 1, 11 and 39 g/L are derived from Figure 5-12B.
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̅ = 1.00 in the USD
A relatively good fit of the data was obtained by using F
̅ = 0.016 in the pilot-scale TFF system (Figure 5-17).
and F
Single values were chosen to characterise the USD and the pilot-scale TFF
system although it is recognised a recommended ratio between USD and
̅ values are thought to represent
pilot-scale TFF is probably more realistic. F
the ratio of the fractions of high shear zones over the total volume between
systems including quiet zones. High shear zones may represent areas near
the source of shear in each system.
These may be defined as the rotating disc in the USD and the crossflow rate
pump, membrane cassette and retentate valve in the pilot-scale TFF system.
Quiet zones may be possibly dictated by the feed/retentate tank volume for
the pilot-scale TFF system and the volume above the disc for the USD
system.
Other factors that may contribute to the quantification of F include: (a) the
frequency of shear and the presence of quiet zones, and (b) the proximity of
the source of shear to active surfaces such as membrane and/or metal.
For (a), it is estimated that the USD has intermittent frequency due to the
single source of shear located within the stirred cell chamber. The pilot-scale
TFF system has multiple sources of shear located at different points
throughout the system. Less frequent exposure may arise due to their
separate location and the presence of quiet zones between them, which may
include the piping and the feed/retentate tank. The protein may be able to
recover in these zones from reversible dimer aggregates and return to the
monomeric form. The nature of the USD configuration may not offer sufficient
recovery time in the quiet zones. Reversibly aggregated forms could then be
more likely to join one another with time eventually creating large insoluble
visible precipitates, detected by the higher OD650.
For (b), it is thought that the protein takes less time to travel in the USD
system between the source of shear in each system and the location of
active surfaces than in the pilot-scale TFF system.
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Figure 5-17 Effect of the selected F values and concentration on the change in
turbidity as a function of diafiltration time 0.7, concentration, and F for USD and pilotscale TFF system diafiltration operations. All data were derived from Figure 5-16

̅. F
̅ values were determined by those which provided the best
and adjusted using F
̅ value
linear fit with least squares. The following steps were used to determine the F
which showed best mean fit: (1) individual F was determined for each data point in
(B) and (C) by using the correlation derived from (A) (F =

ΔOD650
0.0174 * tDF 0.7 *C

); (2) Mean

̅ = ∑n1 F ); (3) Determine ΔOD650.Predicted (= 0.0174 * tDF 0.7 * C *F
̅ ) was obtained (F
̅ );
F (F
n
(4) Calculate G = log (Predicted ΔOD650) - log (Actual ΔOD650) for each data point;

̅ at
(5) Determine least sum-of-squares (SS) by ∑n1 G ; (6) Repeat with different F
0.005 intervals to identify which one results in smallest SS using an excel macro.
SS = 1.08 for the pilot-scale TFF data.
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This could contribute to the reduced recovery time making it difficult for the
aggregated dimer to reverse back to the monomeric form.
Overall correlation
Observations of ∆OD650 with time, concentration and fraction of high shear
zones may be compiled for diafiltration operations resulting in Equation 5-1.
b ̅c
∆OD650 = k (tDF a ∙C ∙F
)

Equation 5-1

Where k, a, b and c are constants; tDF is the diafiltration time; C is the
̅ is the
concentration (CR = CF for diafiltration only operations); and F
representative fraction unique for each configuration.
The coefficients in Equation 5-1 may be determined for a (Figure 5-14), b
̅ (R2=
(Figure 5-15) and c (Figure 5-17) resulting in ∆OD650 = 0.03 tDF 0.7 ∙C∙F
0.99).
System configurations
The pilot-scale TFF system with an alternative pump type, i.e. rotary lobe,
was additionally used at equivalent membrane flow conditions (ȳav = 2200 s1

) to conduct 12 g/L diafiltration experiments with variable extent of

diafiltration volumes. A relatively good fit of the data was obtained by using
̅ = 0.068 for this modified pilot-scale TFF system in the existing correlation
F
̅ value for the TFF configuration with rotary lobe
(Figure 5-18). This greater F
̅ = 0.016 in Figure 5-17) was
pump than with positive displacement pump (F
expected due to its greater hold-up pump head volume. This suggests that
the hypothesis between turbidity and fraction of high shear zones presented
between the USD and the TFF systems holds for additional configurations.
Three additional experiments using the default USD and a TFF system with
different volumetric loadings alongside a different lab-scale TFF system with
another pump type were conducted in a 7 DV diafiltration operation at
equivalent membrane flow conditions. A comparison of the six systems is
included in Table 5-2.
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Figure 5-18 Effect of the system configuration and concentration on the change in

̅ for USD and pilotturbidity as a function of diafiltration time 0.7, concentration, and F
scale TFF system diafiltration operations. Data from a pilot-scale TFF system with a
rotary lobe pump at 12 g/L across a range of durations was incorporated. Sum of
squares (SS) = 0.06 for the data incorporated (F̅ = 0.068). The remaining data was
obtained from Figure 5-17.

.
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Table 5-2 Description of the different USD and pilot-scale TFF system designs. The default configurations are: (1) an ultra scale-down (USD)

̅ = 1.00, and (2) a pilot-scale TFF with F
̅ = 0.016. Set-up (3) explores the type of pump: a modified pilot-scale TFF system (based
system with F
̅ = 0.068. Two set-ups explore the volumetric loading: (4) is a modified USD system (based on 1) with a
on 2) with a rotary lobe pump with F
̅ = 0.12 and (5) is a modified pilot-scale TFF system (based on 2) with a smaller volumetric loading with F
̅ = 0.15.
larger volumetric loading with F
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̅=
Set-up (6) explores an entire different system alongside a new pump; the lab-scale system (Millipore TFF) with a diaphragm pump with F
0.077. Systems (1) - (3) are represented in Figure 5-18.

The diafiltration data from these systems were incorporated to the correlation
by fitting an F value with respect to the default USD configuration that yielded
the best fit with least sum-of-squares (Figure 5-18). This strategy attempted
to account for the difference in the high shear zones and quiet zones
between the configurations.
Operation type
Diafiltration (DF) only operations had been accounted for up to this stage
where concentration, C, was unchanged (CR = CF).
Ultrafiltration/diafiltration (UF/DF) trials conducted at equivalent membrane
flow conditions were incorporated (Figure 5-19).Two approaches to account
for the increase in concentration (CR > CF) during UF stage were used. First,
the retentate concentration and the diafiltration time were used assuming the
time required for UF was a small fraction of the total UF/DF stage (Figure
5-19A). This dataset was incorporated to the correlation developed for DFonly operations for the USD system (Figure 5-15) resulting in a trend with R2
of 0.97.
Second, a more accurate integration of the concentration over time was
performed accounting for the concentration-time profile for the UF/DF stage,
detailed in Appendix (Figure 5-19B) (R2 = 0.99). A slight better fit of the
UF/DF data is observed in the latter.
Nevertheless, the UF/DF runs at higher retentate concentrations of the pilotscale TFF system appear to deviate from the correlation. For example, the
̅ which gave the least squares for the pilot-scale TFF data was F
̅=
resulting F
0.005 for UF/DF while 0.016 was fitted for DF-only operations (Figure 5-17).
One possible reason is that the membrane may be already coated by the
start of the DF stage due to the preceding UF stage. Additional investigation
is therefore required to evaluate the ∆OD650 difference between UF/DF and
DF-only stages, which will be discussed in Chapter 7.
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Figure 5-19 Effect of the type of operation and retentate concentration on the
change in turbidity as a function of diafiltration time 0.7, concentration, and F for USD
and pilot-scale TFF system diafiltration and UF/DF operations. (A) only accounts for
the retentate (final) concentration and diafiltration time. (B) accounts for time and
concentration profile in UF stage. See inset for retentate (final) concentrations
tested in each system (USD (triangles) and pilot-scale TFF (circles)). The feed
concentration varied for DF runs from 1 to 155 mg/mL (USD) and 1 to 39 mg/mL
(TFF). The feed concentration for all UF/DF runs was 12 mg/mL. All DF data are
obtained from Figure 5-18 while UF/DF runs are derived from Figure 5-12B.
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5.5 Conclusion
Three applications have been presented in this chapter where the predicted
fluxes by the USD system were compared with the measured fluxes at pilot
scale using two monoclonal antibody solutions. Good agreement in all
applications was achieved demonstrating the ability of the USD system to
predict the flux measured at pilot-scale across a range of transmembrane
pressures, flow conditions, DF feed concentrations, and UF/DF volume
concentration factors. These were presented as examples that show the
potential use of the USD system as a TFF flux predictive tool to evaluate a
typical operating design space. These applications were developed by
assuming non-laminar conditions. It is recognised that alternative strategies
will be required should the flow regime be better described as laminar.
The quality of the resultant solutions was also compared between the USD
and the pilot-scale TFF system resulting in a trivial difference in soluble
aggregates but a significant difference in insoluble larger aggregates. This
was firstly investigated by the effect of time and concentration in the USD
system for diafiltration operations only. These trends were fitted with TFF
data and adjusted using a scale and configuration-dependent value
representing the ratio of high shear zones over the total volume. Good
agreement was attained between scales. The resultant correlation was
tested with other configurations and UF/DF steps. It is noted that additional
work is needed to understand the differences between DF and UF/DF
operations
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Chapter 6 : Extending the ultra scale-down methodology
with nanobodies
6.1 Introduction
An opportunity was presented to test the USD methodology developed so far
using a new protein system based on nanobodies. This was of interest to
help understand that each protein system will present considerable
challenges in understanding the relationship with membrane performance.
The results are presented here in a brief fashion more to demonstrate the
need for further work rather than to define membrane processing of
nanobodies.
The use of nanobodies is gaining popularity due to their improved solubility,
therapeutic capabilities and expression using simpler systems (Wesolowski
et al., 2009; Arbabi-Ghahroudi, 2017; Bannas et al., 2017). Despite their
apparent stability, nanobodies may face additional separation challenges
compared to monoclonal antibodies due to their flexible tertiary structure and
increased likelihood of undergoing oxidation and deamidation. Additional
process development studies are required as currently there are no existing
platform processes for these products.
This chapter will briefly explore the use of the USD methodology developed
in Chapter 4 and Chapter 5 to understand the behaviour of nanobodies
during diafiltration operations. The USD and pilot-scale TFF system
previously described will be used to conduct the trials across a range of flow
conditions and compare the resulting fluxes and resistances. The effect of
processing on the product quality will also be described in each system using
turbidity, size exclusion, and ion exchange chromatography as analytical
techniques.

6.2 Membrane performance
A nanobody solution (Nb) was used for the diafiltration experiments at a
concentration of 12 mg/mL. The rheology of this protein showed Newtonian
behaviour across the predicted shear rates, i.e. constant viscosity behaviour
(Figure 6-1).
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Figure 6-1 Effect of viscosity on the characteristic average shear rate for 12 mg/mL
feed Nb solution. These measurements were taken in triplicate (the error bars lie
within the data points) and at a temperature of 20.00 ± 0.05 °C. Coefficient n was
determined (= 1.01) using µ F = k ȳavn-1. The feed was formulated in 10 mM Sodium
Acetate pH 5.0.
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The operating conditions and type of experiments were to match those in
Section 4.3. These were diafiltration-only operations, where the protein
concentration was assumed not to change. Ranges of disc speeds (800 < N
< 5000 rpm) in the USD system and of crossflow rates (2 < Q F < 10 LMM) in
the pilot-scale TFF system were used.
Shear rates were predicted in each system using the viscosity of the
nanobody solution (µF = 0.0011 Pa s). Comparable flow conditions are
estimated as a similar range is attained by the predicted shear rates in the
USD device (Figure 6-2A) and the pilot-scale TFF system (Figure 6-2B).
6.2.1 Flux
The flux as a function of time for the USD (Figure 6-3A, i) and the pilot-scale
TFF system (Figure 6-3A, ii) were compared for varying disc speeds or
crossflow rates. Higher steady state flux was achieved for increased flow
conditions in the pilot-scale TFF. The same trend was obtained for the USD
system up to a mid-point disc speed (N < 1300 rpm). Beyond this value,
steady-state flux no longer increased in the USD system with increasing flow
conditions.
In both cases, the membranes behave similarly as a function of increasing
diavolumes. The rate of change of steady-state flux appears to be
insignificant for all of the selected flow conditions i.e. there is no significant
evidence of a fouling layer even at the lowest flow conditions (ȳ av ~ 700 s-1 in
Figure 6-3B).
6.2.2 Resistance
The values of RM, RT, and RGel for various shear rates are shown in Figure
6-4. A change in the shear rate had a similar effect on the total and the gel
resistance in the USD and the pilot-scale TFF systems, particularly up to a
shear rate of 2000 s-1 (Figure 6-4, ii and iii). Beyond those conditions, total
and gel resistances slightly changed in the USD system whereas they
continued to decline in the pilot-scale TFF system (Figure 6-4, iii).
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Figure 6-2 Comparison of characteristic average shear rate relationships for (A)
USD as a function of disc speed using CFD analysis and (B) pilot-scale TFF using
measured ∆Pax for set QF values. In (A), ȳav is predicted using the process viscosity
of Nb (μF = 0.0011 Pa s) and in (B), the calculated ȳav is determined from the
measured ΔPax for ultra-pure water and the process viscosity of Nb (μF = 0.0011 Pa
s). Further details for the USD estimations are found in the legend of Figure 3-28
and for the shear rate calculations for the pilot-scale TFF system in the legend of
Table 4-1.
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Figure 6-3 (A) Effect of flow conditions on flux as a function of diafiltration volumes
for the two systems studied. (B) Effect of the system on the rate of change of flux as
a function of characteristic average shear rate. In (A), the two systems are: (i) USD
device operating at different disc speeds (see inset) and (ii) pilot-scale TFF at
different crossflow rates (see inset). Data points in (A) are obtained from moving
average of raw data (m = 100) where s.d. is ~ 1%. Data points in (B) are determined
from the change of flux in the stable region (DV = 3.5 to 7.0) derived from (A). Both
systems operated at the same ΔPTMP of 1.0 bar (n=1 for USD and n=1 pilot-scale
TFF for trends). The protein solution used in both (A) and (B) is a 12 mg/mL Nb
solution. The composition of the feed and the diafiltration buffer was identical: 10
mM Sodium Acetate pH 5.0. The pilot-scale TFF diafiltration experiments were run
at room temperature (20.0 ± 1.0 °C); the USD system was temperature controlled
(20.0 ± 0.5 °C).
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Figure 6-4 Effect of flow conditions on (i) membrane resistance (R M); (ii) steadystate total resistance (RT) and (iii) steady-state gel resistance (RGel) represented by
characteristic average shear rate. In (ii), RT was derived from Figure 6-3A using
Equation 1-17 and assumes µP ≈ µDF (0.00104 Pa s). RGel is calculated using
Equation 1-16 assuming RFo = 0. Average shear rate, ȳav, is related to USD disc
speed and to pilot-scale TFF crossflow rate for the feed solution in Figure 6-2. Error
bars in (i) and (ii) are calculated as the range between resistance measurements in
the stable region, DV = 3.5 to 7.0 (n=1 USD and pilot-scale TFF). Error bars in (iii)
are calculated as the sum of errors of (i) and (ii). For the membrane resistance
graph (i), horizontal average (solid,

___

) and average ± 1 s.d. (dashed, - -) lines are

given. The experimental details are included in the legend of Figure 6-3.
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For both systems at lower shear rates (< 2000 s-1) it is likely that protein
molecules flow are not efficiently swept away contributing to the formation of
the gel layer. Hence the gel resistance dominates the total resistance
distribution while at higher shear rates, the membrane resistance dominates.
The USD system predicts a limiting gel resistance value ~ 1.5 x 10 12 m-1
which is maintained even at high flow conditions. This appears to not apply
for the pilot-scale TFF system.
6.2.3 Comparative correlations
Normalised average flux rates, Ĵav , were used together with the gel
resistance, RGel, to compare experimental runs of both systems across a
comparable range of membrane flow conditions (Figure 6-5). This is a similar
exercise to that performed with mAb-A diafiltration trials in Section 4.3.5.
Similar ranges of Ĵav and RGel, between 30 to 50 LMH and 0.5 and 5.0 x 10 12
m-1 respectively, are obtained across the flow conditions in both systems.
However, there is a discrepancy between the coefficient of the trends
between scales: 0.1 (USD) vs. 0.3 (pilot-scale TFF) in Figure 6-5A. The USD
value does not lie within the published range of 0.33 to 1.3 for protein
processing applications (Cheryan, 1998), while the coefficient for the pilotscale TFF is close to the lower value of that range. This deviation may be
due to the published coefficients only applying when a single resistance,
either gel or membrane, dominates rather than when an equal distribution of
the membrane and gel resistance exists.
This deviation between the USD predictions and the pilot-scale TFF values
could also be related to the structural difference between Nb and mAb
solutions impacting the membrane performance. This was further evaluated
by comparing the effect of processing in terms of soluble aggregates and
insoluble aggregates in the next section.
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Figure 6-5 Comparison of USD and pilot-scale TFF performance using CFD
predicted ȳav for USD to match with experimental ȳ av for pilot-scale TFF using : (A)
normalised average flux and (B) gel resistance. Normalised average flux, Ĵ av was
given by Equation 4-4. Error bars in (A) are obtained from s.d. of flux in stable
region (3.5 < DV < 7.0) and in (B) from sum of errors of RM and RT as detailed in
legend of Figure 4-15. Note 95% confidence bands are included. The experimental
details are included in the legend of Figure 6-3.
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6.3 Product quality
6.3.1 Soluble aggregates
Size-exclusion chromatography
Soluble aggregates were determined using size exclusion chromatography.
The 12 mg/mL feed solution was described as a 98.5 ± 0.1% monomer, 1.5 ±
0.1% dimers and up to 0.09% of high molecular weight (HMW) mixture (data
not shown).
The change in monomer (Figure 6-6A, i), dimer (Figure 6-6A, ii) and HMW
(Figure 6-6A, iii) configurations was determined for each condition. The pilotscale TFF trials show a decrease in monomeric content (up to -1.2%) with a
corresponding increase in dimer (up to +0.7%) and HMW (up to +0.7%)
content (Figure 6-6A).
The USD trials showed the same phenomena but up to 5 times greater. A
corresponding change in configuration was observed between the monomer
and HMW while the dimer content remained at 0.5% throughout. The
greatest difference in the protein configuration was measured at the slowest
flow condition showing a 5.3% decrease in monomer, 0.3% increase in dimer
and a 5.0% increase in HMW configurations (Figure 6-6A). Interestingly,
there is no significant change in dimer (∆ dimer = 0.5% or below in Figure
6-6A, ii) across all conditions. This matched with observations for mAb-B
diafiltration runs where little dimer change and no HMW increase were
detected (Figure 5-12A).
One possible explanation is that protein monomer structures aggregate as a
result of for example, high shear combined with the presence of the
membrane and metal surfaces, and join one another to form firstly dimers
and shortly after higher configurations as discussed in Section 5.4.2.
HMW had not been detected with mAb-A or mAb-B solutions, suggesting the
Nb molecule may have increased shear sensitivity where a greater portion of
the protein aggregates.
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Figure 6-6 Effect of the system used on the change in: (A) protein configuration; (B,
C and D) protein ionic variants; and (E) turbidity as a function of duration. In (A), the
change in (i) monomer; (ii) dimer and (iii) high molecular weight (HMW) were
determined by the difference in the peak area in size exclusion chromatogram
(SEC) of each component between the retentate and the feed at each flow condition.
Examples of a SEC chromatogram for feed (Figure 8-3A) and resulting USD
retentate (Figure 8-3B) and pilot-scale TFF retentate (Figure 8-3C) are found in
Appendix 6. In (B) change in acidic peaks 5 to 1 (i to v); (C) change in main peak;
and (D) change in basic peak were determined by the difference of the calculated
area of each peak from the ion exchange (IEX) chromatogram between the
retentate and the feed (See Figure 8-4 in Appendix 6 for an example of an IEX
chromatogram). In (E), ∆ OD650 values were determined by the difference between
the OD650 value of the retentate and the feed. The error bars lie within the data
points and represent the s.d. of triplicate measurements. All feed solutions
contained 12 mg/mL Nb in 10 mM Sodium Acetate pH 5.0.
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Nb appears to possibly be more susceptible to the difference in the fraction
of high shear zones present between the USD and the pilot-scale TFF
system.
Protein variants
Ion exchange (IEX) chromatography analysis was incorporated to gain
insight into whether acidic variants were increased upon detecting HMW
aggregate levels. IEX chromatograms of the feed and retentate samples
(Figure 8-4 in Appendix 6) are split into acidic, main and basic peaks. The
change in area for each of these seven peaks is represented by the acidic
variants (peak 5 to peak 1 in Figure 6-6B), the main variant (peak 6 in Figure
6-6C) and the basic variant (peak 7 in Figure 6-6D).
The pilot-scale TFF trials showed a small difference in all variants (∆ = 0.5%
or below). The USD trials, however, showed a greater variation in all three
variants, particularly in the acidic variants. A shift in acidic variants from peak
2 (Figure 6-6B, iv) and peak 3 (Figure 6-6B, iii) to peak 5 (Figure 6-6B, i) was
detected. Peak 5 acidic variant increased from ~1.9% up to ~4.0% indicating
that the Nb may be undergoing deamidation. Deamidated variants could be
linked with the formation of HMW (Figure 6-6A, iii), although additional work
is required to confirm this.
6.3.2 Non soluble aggregates
A relatively stable profile of ∆OD650 is observed as a function of the time
taken to complete seven diavolumes at different flow conditions (Figure
6-6E). A two order magnitude difference is seen between the processed
samples in the USD than those from the pilot-scale TFF. This matched
closely to the trend observed with time using mAb-B (Figure 5-12B,ii). The
increase in HMW aggregate levels and deamidated species appeared to not
have a direct impact on the turbidity of the solution confirming their solubility.

6.4 Conclusion
The use of the USD system as a predictive tool for a pilot-scale TFF
operation has been discussed using a 12 mg/mL nanobody solution. A
198

relatively good approximation of the expected range of the flux and the
resistance was predicted by the USD and measured by four pilot-scale TFF
trials.
The agreement between the scales was, however, not as strong as that for
monoclonal antibody diafiltration operations. The pilot-scale TFF studies
showed a change of up to 1.2% in monomer and HMW content, and 0.3% in
protein acidic peak 5 variants. The USD studies resulted in 100-fold more
turbid samples than pilot-scale TFF with changes of up to an increase of
5.0% HMW aggregates and 2.1% in protein acidic peak 5 variants.
The nanobody solution used in these studies appeared to be more
susceptible to high shear resulting in different behaviour at both scales than
the monoclonal antibody. It may be more prone to form higher protein
configurations as well as undergo deamidation. The difference between the
systems in terms of fraction of high shear zones (Section 5.4.2) appears to
have a greater impact on more labile products resulting in accelerated
damage in the USD system. This chapter has shown an additional use of the
USD methodology and the differences that may arise from using protein
structures with greater separation challenges. This will form part of the
discussion of future work, detailed in Chapter 7.
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Chapter 7 : Conclusion, validation and future work
7.1 Overall conclusion
This thesis has presented an USD technology for TFF membrane processes,
focusing on final UF/DF stages. The role of USD technologies is to provide
processing insights of full-scale processes while only requiring a fraction of
the resources.
A USD membrane shear device, consisting of a stirred cell unit with a
rotating disc located above a stationary membrane, has been used to predict
the performance and behaviour of TFF systems for antibody processing. A
rotating disc design was characterised and designed with the help of
computational fluid dynamics (CFD) tools to ensure the entire membrane
may be considered to be exposed to an approximately similar shear rate.
This involved an adjustment of the disc geometry and the distance between
the disc and the membrane surface, as well as the identification and blanking
of low shear zones on the membrane.
A characteristic average shear rate over the membrane surface was used as
the basis for scale translation between the USD and pilot-scale TFF system.
Good agreement was observed when comparing the flux of equivalent
experimental runs between scales. Similar results have been achieved for (a)
diafiltration

operations

concentrations,

and

across

a

range

transmembrane

of

flow

pressures,

conditions,
and

(b)

feed
for

ultrafiltration/diafiltration operations across different volume concentration
factors. The methodology was extended with a novel antibody configuration;
a nanobody. In contrast to the mAb experiments, a weaker agreement
between the systems highlighted the impact that increased shear sensitivity
and instability of a molecule may have on the membrane performance and
product quality.
One difference observed between the USD and the pilot-scale TFF systems
was the change in turbidity during processing. A correlation between the
systems was proposed using ratios to account for the combination of high
shear zones and active surfaces such as membrane and/or stainless-steel,
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unique to each configuration. The effect of concentration and time were also
incorporated in the proposed correlation.
The next section will discuss a summary of the validation procedures and
key regulatory issues faced by Merck Sharp & Dohme Corp., a subsidiary of
Merck & Co., Inc., Kenilworth, NJ, USA (MSD). Results from this thesis will
be proposed as potential approaches of how the USD system could help with
the validation procedures and be informative when material is not available
to conduct full-scale runs.

7.2 Validation
Process validation is a risk-based approach which aims to minimise product
variation and ensure the quality of a drug product is met in every batch. It is a
requirement for current good manufacturing practices (cGMP), set by the US
Food Drug & Administration (FDA) and the European Medical Agency (EMA).
Quality control (QC) criteria define the maximum acceptable levels of
process-related (e.g. DNA, endotoxins, leachables) or product-related
impurities (e.g. aggregated, oxidised and/or deamidated variants) allowed in
the final drug substance. Validation activities focus on showing these criteria
are always met after every unit operation and that they are not affected by
variations in the facilities, equipment, cleaning protocols, process and/or
analytical methods. The process must also show its robustness and
capability to maintain product integrity and activity intact in every batch.
Process validation is an ongoing activity spanning from early stage
development of a molecule to manufacturing scale operation. It is split into
three main stages: (1) process design, (2) process qualification and (3)
continued process verification (FDA, 2011).
In (1) process development teams help design full-scale systems, and
identify and define ranges of key and critical parameters and attributes
through scale-up activities. Product descriptions are generated and
transferred to manufacturing scale operations.
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Process qualification stages (2) assess and evaluate whether the process is
capable of reproducible manufacturing scale operation following process
descriptions from stage (1). Typically, three batches are required to show its
consistency and robustness and test whether QC criteria are met. If these
are not adhered to, the process returns to (1) for additional development to
re-evaluate the process (Campbell, 2012).
Continued process verification stages (3) is an ongoing step during which
product quality is regularly monitored at each step to show it meets QC
criteria. If changes to the product quality are detected, the process will be
halted and returned to (1) to investigate possible causes.
The next section will discuss main regulatory issues at the sponsoring
company during process validation.
7.2.1 Key regulatory issues faced by the sponsoring company
Research facilities of the sponsoring company are distributed worldwide with
headquarters in Kenilworth (NJ, USA). Here, the bioprocess team in R&D
performs early stage process development studies to produce process
descriptions for the proposed bioprocess sequence. These are provided to
the pilot plant operators, who generate material in the same site at a 500 L
scale. This material is shipped and used for toxicology studies. The first
stage of validation, process design, occurs at this site where the process is
developed and tested at pilot-scale.
If toxicology studies are approved, the fully specified mAb process is
transferred to the clinical-scale manufacturing site, where the product is
formulated, typically in vials. These are shipped to the location where clinical
studies will take place. The second phase of validation, process qualification,
focuses on this transition where the recommended process descriptions at
manufacturing scale operation are evaluated.
If phase I clinical trials are successful, the process is then transferred to the
commercial-scale manufacturing site, where it is produced and shipped to
the established market for commercialization. The final validation stage,
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continued process verification, occurs in this site where the product quality
after every batch is monitored.
Due to the global nature of this process, the company faces three main key
regulatory issues:
(a) On-going validation with new products and re-using equipment
Their current scale-down set-up are subject to on-going validation
procedures. These must show that representative data at industrial scale are
achieved in every unit operation for each product particularly due to their
multi-product and re-usable nature. Examples of major milestones are:


To record data from scale-down batches to appraise the process
robustness. This involves comparing the product critical quality
attributes (CQA) after each unit operation with that from full-scale
batches.



To ensure the product carry-over between processes does not exceed
the maximum allowable carryover (MACO). The harshness of cleaning
procedures needed is evaluated for every new product.



To evaluate the choice of single-use or re-usable membranes for each
membrane stage and compare their relative disadvantages, such as
increased extractable and leachable levels for single-use membranes
and longer cleaning procedures for re-usable.

(b) Process improvement
This stage comprises all the validation changes should any piece of
equipment be replaced in any of the production sites. Any changes should be
to ease the operation and must show no adverse effect on the product during
processing. This will be ensured by the development of a new standard
operating procedure (SOP) including start-up, operation, shut-down, and a
fully validated cleaning procedure. Proven acceptable ranges (PAR) for all
critical process parameters (CPP) for the new equipment will have to be
redefined before undergoing installation qualification. This involves retraining operators, creating a new user log and performing at least 3
successful batches to prove the new equipment does not cause any product
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damage. CQAs will also need to be monitored and maintained within the new
PARs. They will have to be thoroughly compared between using the new and
old pieces of equipment to ensure no significant change.
(c) Technology transfer
Due to the location of their production sites, technology transfer can be a
challenge for the company. The process must be extremely detailed requiring
daily contact to achieve an effective transfer between the R&D, toxicology,
clinical and manufacturing teams and contract-manufacturing organisation
(CMOs) if applicable. Miscommunication will have negative consequences in
terms of time and money and could result in having to repeat the entire
process.
7.2.2 Integrating the ultra scale-down membrane shear device with
existing validation procedures
The implementation of the USD membrane shear device as a predictive tool
for full-scale operation could help in making more informed decisions
following a Quality by Design (QbD) approach. This approach is to help
ensure that, through scientific and risk-based understanding of the product
and the process, the quality of the product is more likely to be met
reproducibly.
This USD system has potential to ease the first validation stage: process
design/development. It allows a greater range of parameters to be tested
with limited amounts of material, widening the knowledge of the molecule.
This in turn may increase the probability of success at the subsequent
validation stage, process qualification, and ultimately, the effectiveness of
high value pilot-scale trials.
The USD system also offers the ability to investigate the effect of individual
parameters by decoupling dependencies. The effect of process parameters
such as feed concentration, crossflow rate, volume concentration factor,
transmembrane pressure, cassette type (pore size and/or composition),
formulation and diafiltration buffer composition on the flux may be
determined for a particular protein of interest.
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Figure 7-1 summarises how the USD system may be used to help contribute
to the design of full-scale TFF operations. USD experiments may be
conducted to determine membrane performance even when limited amounts
of process material are available. The resulting engineering correlations may
be used to predict full-scale TFF operation for that process material provided
design features of the full-scale system are known, e.g. operating
characteristics with water. The use of USD systems may also provide early
information on the impact on product quality and operation of the full-scale.
Table 7-1 shows examples of analytical techniques for quality attributes that
may be used to monitor samples. Examples where the USD system may
help in the design of full systems are listed below, referring to key results of
this thesis:


Help develop a design space identifying the recommended operating
range for a membrane of choice. This thesis has shown different
applications where USD flux predictions have been compared to pilotscale TFF runs across a range of transmembrane pressures, feed
concentrations and flow conditions (Section 4.3 and 5.3).



Help decide on a suitable choice of crossflow rate pump accounting
for the shear sensitivity of a product and the possible change in
turbidity due to processing (Section 5.4.2).



Provide an insight into the membrane performance with new protein
systems with greater separation challenges. Nanobodies are used as
examples in Chapter 6.

Other examples not covered in this thesis may include:


Explore the susceptibility to membrane fouling. For example, through
forced fouling tests at extreme transmembrane pressure.



Gain understanding of the product shear sensitivity. For example,
through forced degradation studies where the choice of buffer pH and
composition, operating temperature, and level and frequency of shear
is evaluated.
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Figure 7-1 Proposed USD step-by-step methodology to help end-user predict flux
as a function of crossflow rate of a pilot-scale TFF system where § represents a DoE
study for: N (800 - 5000 rpm) and ∆PTMP.USD (0.4 – 1.6 bar); † estimate ȳav.USD = f
(N1.37µF-0.46).

Table 7-1 Examples of analytical tests used to measure CQA and CPP.
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Steps required to validate the USD system as a scale-down model
The following are examples of what may be required to make the USD
system validatable:


Integrate all the USD system components to ensure consistency,
robustness, and reproducibility between runs.



Show that the USD system always achieves representative data of
full-scale systems.



Develop and validate SOP including cleaning, technology transfer,
guidelines, and risk assessments, which meet GMP regulatory
compliance. This may include showing the cleaning procedure is
sufficiently harsh to ensure the product carry-over is always below
MACO and studying the sterile hold stage.



Undergo process performance verification and final control strategy to
gain full regulatory approval.



Record all successful and failed batches and a detailed usage logs.

To date, USD experiments based on similar average shear rates and
maintaining the same volumetric loadings have resulted in a comparable
membrane performance but different sample turbidity due to processing than
that in the TFF systems. One approach to circumvent this may be to fine
tune the USD device until a turbidity match is achieved with the full-scale
data by for example, reducing the exposure time through a time-series of
experiments or develop a strategy where the shear rate frequency is reduced
by intermittent time intervals.

7.3 Future work
The discoveries, advances and insights contained in this thesis could form
the basis for potential future projects. Some examples are outlined below.


A technology development-based project aiming to improve the userinterface and user-friendliness of the existing USD system. This could
include the integration of all hardware components and improve the
existing software, LabVIEW code, currently in place to achieve
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controlled pressure operation. System automation would reduce
manual intervention and streamline experimental set-up and data
acquisition.


A design-oriented project focusing on the configuration of the USD
device to create designs with variable membrane and chamber
volume requirements. This would involve collaboration with workshop
technicians to discuss feasible designs and available materials. The
creation of several USD systems with variable volumetric loadings, i.e.
retentate volume per membrane area, could be used to experimentally
evaluate more process-relevant scenarios and trade-offs. For
example, the effect of mass loading on membrane area and time
requirements (Appendix 8).



An experimental-based project focused on the definition/quantification
of the fraction of high shear zones by total volume, F, of different
system configurations. This will help gain understanding of the
accelerated damage the USD system shows. Alternative experiments
could be developed where the aim is to achieve comparable ΔOD650
between scales rather than flux. The first set of experiments could
involve adjusting the length of USD experiments to match the ΔOD650
of typical full-scale operations. This project could additionally focus on
whether F values differ between ultrafiltration/diafiltration and
diafiltration stages accounting for the difference in membrane
cleanliness and increase in viscosity during the ultrafiltration
(concentration) operation.



An experimental-based project could focus on the study of membrane
transmission/rejection to evaluate the ability of the USD system to
mimic the separation of protein mixtures of full-scale microfiltration
membrane cassettes. This would shift the scope of the project
towards harvesting stages where the feed contains cell debris and/or
a wider range of cell, product and process-related impurities. Initial
experiments could include the evaluation of operating conditions (such
as pH, temperature and buffer compositions), membrane composition
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and pore size on protein fractionation and the quality of the resulting
solution. Examples of preliminary experiments are described by Wan
et al. (2008); Kazemi and Latulippe (2014); LaRue et al. (2018). The
USD system could provide insights and ultimately help design fullscale microfiltration and harvesting operations following on from (Ma
et al., 2009; Rayat et al., 2014).


An experimental-based project could use the short nanobody study
conducted in this thesis as a basis to develop a research study to
understand the impact of novel antibody structures, and their
increased shear sensitivity on TFF membrane performance during
UF/DF operations. This project could also span to other new protein
modalities (such as fusion proteins, bispecifics, diabodies, and
hormones)

and

other

process

parameters

(such

as

buffer

compositions and pH). This would possibly involve a close
collaboration with an industrial research organisation currently working
on these novel products to provide material and processing expertise.
This would further develop the USD device as a predictive tool,
providing the user with more informed scale-up decisions tailored to
specific molecules.
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Chapter 8 Appendices
Appendix 1 : Generation of monoclonal antibodies
The five stages required to generate monoclonal antibodies in the host cell of
choice are discussed below. These precede the cell culture stages during the
platform bioprocess sequence (Section 1.2).
Monoclonal antibodies are typically generated from the immortalisation of a
plasma B cell in vitro, which produce clones of the same origin parent cells
(Tansey and Caterall, 1994; Nelson et al., 2000). If several different immune
B cells are used, polyclonal antibodies are derived with dual and/or multiple
specificity (Tabll et al., 2015). There are five major steps in the generation of
monoclonal antibodies: immunisation, fusion and selection, screening,
characterisation, and additional development (Nelson et al., 2000). During
immunisation, Balb/c mice are typically injected with the antigen-containing
agent linked to a carrier protein. This triggers an immune response in the
mice due to the presence of the foreign body (Teillaud et al., 1983; Nelson et
al., 2000). Viable antibody-producing B cells, referred as murine splenic B
cells, are produced and removed from the spleen, or lymph nodes, of the
mice (Tabll et al., 2015).
These cells are cultured and allowed to fuse with histocompatible myeloma
tumour cells, such as Sp2/0, NS0 or chinese hamster ovary (CHO) host cell
lines, in the presence of selective enzymes and medium components, such
as 8-azaguanine (Olsson and Kaplan, 1980). This creates a process
whereby fused myeloma-splenic B cell hybridomas are selected. They outlive
unfused myeloma cells as these die due to a blocked de novo pathway
(Nelson et al., 2000). Myeloma-splenic B cell hybridomas are cultured over
20-30 days in multi-well plates allowing antibodies to be produced. The
hybridomas that generate the specific antibody of interest are screened using
techniques such as ELISA and are transferred to larger tissue culture flasks.
At this stage, culture supernatant produces from 1 to 60 µg/mL of
monoclonal antibody (Nelson et al., 2000).
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During characterisation, hybridomas are typically recloned to remove any
additional fused B cell populations, isotypes or dual specificity antibodycontaining cells (Nelson et al., 1991). During further development, murine
antibodies have been adapted to minimise human antimouse responses
(HAMA) whilst retaining antibody specificity. Examples include chimeric
antibodies (where a murine variable antibody region has been fused with
human constant regions); humanized monoclonal antibodies (where a
murine hypervariable amino domain is grafted onto a human antibody); and
human monoclonal antibodies (where a human IgG gene is transferred to a
murine genome followed by vaccination in transgenic mouse). The
production for these antibodies are similar to that for murine antibodies
(Mahmuda et al., 2017).
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Appendix 2 : Details about other ultra scale-down technologies
The following section will describe other ultra scale-down devices and their
scaling basis to mimic alternative unit operations other than membrane
processes.
Centrifugation
The main scaling parameters in centrifugation are the centrifugal force and
the length of time for which this is applied. If highly sensitive materials are
being studied, mechanical effects (i.e. shear) in rapid acceleration scenarios,
are another dominant factor (Titchener-Hooker et al., 2008). Shear in
centrifuges can lead to premature loss of intracellular proteins before
intended cell rupture or undesired contamination of an extracellular protein
with intracellular components (Kempken et al., 1995). A USD shear device
was developed to examine the extent of shear-related cell damage and flow
field in the entry and exit regions (Boychyn et al., 2001; Chan et al., 2006;
Lau et al., 2013). This device, recently launched as kompAs, has a rotating
disc, is able to fully adjust power and energy dissipation levels. It has proved
to attain process-relevant data successfully mimicking shear and centrifugal
forces (Boychyn et al., 2004).
Chromatography
Scale-down of chromatography is typically achieved by maintaining the bed
height and the residence time in the bed constant. However, bed height
cannot be maintained at very small scales and a decision has to be made to
either maintain the flow velocity or the residence time (Reynolds et al., 2003;
Titchener-Hooker et al., 2008). USD chromatographic columns apply regime
analysis and models and account for inter- and intraparticle mass transport
and adsorption. An example includes the USD device developed for
expanded bed adsorption (EBA) chromatography (Fenneteau et al., 2003;
Willoughby et al., 2004).
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Normal flow depth filtration
Scale-down of depth filtration has been traditionally performed on a constant
pressure and filter pore size basis maintaining the ratio of permeate volume
to surface area (Reynolds et al., 2003). The current USD filtration device
consists of modified rotating vertical leaf filters (RVLF) made up of a vertical
slowly-rotating laboratory Nutsche filter with a membrane of 0.001 m 2
enabling uniform cake formation. This device has a plunger insert to modify
the chamber volume and operates at constant flux (Titchener-Hooker et al.
2008). By only using 100mL of process material, this device has been able to
gather representative data and show flux predictive capabilities in the high
rate initial period of filtration (Reynolds et al., 2003).
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Appendix 3 : Shear rate derivation in terms of SI units
This section will define the parameters used in SI units to obtain Equation
1-4.

ε

Pw
VC

μF

μF

̅ = √ =√
y̅ av ≡ G

=√

QF∙ ∆Pax
VC

μF

=√

QF ∙ ∆Pax
VC ∙ μF

Definition of parameters:

Parameter

Symbol

Units

Calculation

SI units

Mass

m

kg

-

kg

Time

t

s

-

s

Distance

d

m

-

m

Length

l

m

-

Width

w

m

-

Height

h

m

-

Area

A

m

l∙w

m2

Volume

V

m3 (or L)

l∙w∙h

m3

Velocity

u

ms-1

ms-1

Acceleration

a

ms-2

d
t
u
t

Force

F

N

m∙a

kg ms-2

Pressure

P

Pa

F
A

kg m-1 s-2

Energy

E

J

F∙d

kg m2 s-2

Power†

Pw

W

E

kg m2 s-3

Energy dissipation rate

‡

ε

2

t
-3

Wm

Mean velocity gradient*

̅
G

s

Average shear rate*

y̅ av

s-1

-1

ms-2

or QF ∙ ∆Pax

Wm-3

Pw
V
u

s-1

d
u

ε

* or√μ **
d

s-1

F
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†

Power may be also defined as:

P =

‡

E
t

=

F∙d
t

=

ma ∙ d
t

=

A∙d
t

∙

ma
A

=

m2 ∙ m
s

∙

kg ms-2
m2

= m3 s-1 ∙ kg m-1 s-2 = QF ∙ ∆Pax

Energy dissipation rate (ɛ) may be defined as ‘the rate of energy loss due to

fluid flow from point (1) to (2)’. The flow experiences pressure drop when
flowing through a restriction in duct flow (e.g. a screened flow channel in a
flat-sheet cassette) due to the energy dissipation caused by the large velocity
gradients. Applying the conservation law to a defined volume, the energy
dissipation rate per volume can be defined as:
ɛ=

Pw
VC

=

QF ∙ ∆Pax
VC

= Wm-3

* Mean velocity gradient can be defined as ‘the variation in velocity along a
defined distance’. It can be assumed to be similar to shear rate, which is
defined as the ‘rate of change of velocity at which one layer of fluid passes
over an adjacent layer’.
u ms-1
̅
y̅ av ≡ G = (
= s-1 )
d
m
** Average shear rate can be therefore defined in terms of energy dissipation
rate (where 1 W = 1 J s = 1 Pa m3 s-1)
1

y̅ av

2
ε
Wm-3 Pa m-3 s-1 m-3
(s-1 ) =√ (
=
= s-2 )
μF Pa s
Pa s

Overall Equation 1-4 in SI units:

ε

̅= √
y̅ av ≡ G
μ

=√

(Pa s-1 )
(s-1 ) ≡ (s-1 ) = √
(Pa s)

=√

F

QF ∙ ∆Pax
VC

μF

(kg m-1 s-2 s-1 m-3 )
kg m-1 s-2 s

=√

=√

QF ∙ ∆Pax
VC ∙ μF

m3 s-1 ∙ kg m-1 s-2
m3 ∙ kg m-1 s-2 s
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Appendix 4 : Shear rate calculation
A worked example for Table 4-1 is included below:

Table 4-1 Estimation of average shear rates in the pilot-scale TFF system for
various crossflow rates. (Col 1). In (A): ΔPax.m.w (Col 2) and ΔPax.m.F (Col 7) were
obtained experimentally from ultra-pure water and protein runs (Figure 4-2); Re
(=

ρF u

dh

xo

) values (Col 3 and 4) are for ρF = 1.00 g cm-3, dh = 0.033 cm, and uxo =

μF

QF / Axo; ΔPax.pr.F.l (Col 5) is given by Equation 4-1 where hE = 0.024 cm; LE = 20 cm,
wE = 2.2 cm and K = 12.2; ΔPax.pr.F.t (Col 6) assumes fully turbulent flow, i.e. equals
values in Col 2. In (B), the ȳav values are based on Equation 1-4 either using µW =
0.0010 Pa s or µF = 0.0013 Pa s. See Appendix 4.

Table 4-1(A)
1. QF = 4 L/min/m2 (LMM) for 0.11 m2 = 0.4 L/min
2. ΔPax.m.w = PF – PR = 33000 Pa (measured)
3. Rew =
4. ReF =

ρF u

xo

μw
ρF u

xo

μw

5. ΔPax.pr.F.l =
=

dh

dh

=
=

(1 gcm-3 ) ∙ (

(0.4 L/min* 1000 / 60)
(0.65/10000)

ms-1) ∙ 0.033 / 100 m)

(0.0010 Pa s)
(1 gcm-3 ) ∙ (

µF ∙QF ∙LE ∙K
wE ∙ hE 3

(0.4 L/min* 1000 / 60)
(0.65/10000

ms-1) ∙ 0.033 / 100 m)

(0.0013 Pa s)

= 3400
= 2700

– ρF ∙g∙LE =

(0.0013 Pa s) ∙(0.4 * 1000/60 mL/s) ∙(20 cm)∙(12.2)
(2.2 cm) ∙ (0.024 cm)3

– (1gcm-3∙ 981 cms-2∙ 20 cm) =

49000 Pa
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6. ΔPax.pr.F.t = ΔPax.m.w (from (2) = 33000 Pa (measured))
7. ΔPax.m.F = PF – PR = 32000 Pa (measured)
Table 4-1(B)
1. QF = 4 L/min/m2 (LMM) for 0.11 m2 = 0.4 L/min
2. ȳav.c.w =√

QF ∙ ∆Pax
VC ∙μF

=√

(0.4 ∙ 1000/60 mL/s) ∙ (33000 Pa)
(1.46 mL∙ 25 ∙ 0.0010 Pa s)

= 2400 s-1

3. same as for (A)
4. same as for (A)
5. ȳav.pr.F.l =√

QF ∙ ∆Pax
VC ∙μF

6. ȳav.pr.F.t =√

QF ∙ ∆Pax

7. ȳav.pr.F.t =√

QF ∙ ∆Pax

VC ∙μF

VC ∙μF

=√

(0.4 L/min ∙ 1000/60 mL/s) ∙ (49000 Pa)
(1.46 mL∙ 25 ∙ 0.0013 Pa s)

=√

(0.4 L/min ∙ 1000/60 mL/s) ∙ (33000 Pa)

=√

(0.4 L/min * 1000/60 mL/s) * (32000 Pa)

(1.46 mL∙ 25 ∙ 0.0013 Pa s)

(1.46 mL∙ 25 ∙ 0.0013 Pa s)

= 2600 s-1
= 2200 s-1
= 2100 s-1
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Where the following values represent the following units
Symbol Description

Units

Value

Remarks

ρF

Feed density

g/cm3

1

Assumption

Gravitational

2

981

-

-

12

Binabaji et al., 2016

g

cm/s

constant
K

Manufacturer's
constant

µW

Water viscosity

Pa s

0.0010 Measured

µF

Feed viscosity

Pa s

0.0013 Measured

w

Cassette width

cm

2.2

Binabaji et al., 2016

hE

Average cassette cm

0.024

Equation 1-2

20

Binabaji et al., 2016

-

25

Binabaji et al., 2016

-

12

Binabaji et al., 2016

Permeate channel -

13

Binabaji et al., 2016

30%

Binabaji et al., 2016

1.022

Calculated (= LE∙ hE∙ w)

mL

1.46

Calculated (= VCH.E ∙ (1 + ∂))

mL

36.5

Calculated (= VCH.E ∙ CN)

0.033

4 ∙ (w ∙ CN ∙ (hE * CF))
)
2 ∙ (w +CN ∙ (hE * CF)
Calculated (=
)
100

0.65

Calculated (= CF ∙ hE ∙ w)

effective height
LE

Cassette effective cm
length

CN

Total channel
number

CF

Feed channel
number

CP

number
∂

Estimated volume taken by spacer

VCH.E

Effective channel mL
hold-up volume

VCH

Channel hold-up
volume

VCST

Cassette hold-up
volume

dH

Hydraulic diameter cm

AT

Total cross-

cm2

(

sectional area
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Appendix 5 : Evaluation of critical flux
The next section discusses a set of constant flux USD experiments
conducted at lower disc speeds to attempt to match the performance of pilotscale TFF systems. Even though these trials did not prove conclusive for the
scope of this thesis, it provided insights into the limitations of running the
USD system at low shear levels.
During the USD constant flux experiments, an attempt to match the USD and
pilot-scale system on a total resistance, RT, basis was performed. A
coefficient of 0.6 was preliminary chosen as an attempt to account for the
dimensionless

numbers;

Reynolds,

Schmidt,

Sherwood,

and

their

coefficients in non-laminar regimes. This was used to determine the
proportionality constant, k, between RT = 2.1 x 1012 m-1 and N = 2100 rpm
obtained from Figure 4-8A. The correlation, RT = kN-0.6, was then used to
estimate the corresponding disc speeds to achieve the total resistances at
the four crossflow rates studied (Table 8-1).
A range of fluxes was investigated at each of the four USD disc speeds and
compared to the corresponding pilot-scale TFF runs. A flat total resistance
profile over the entire diafiltration operation (0 < DV < 7) was only attained in
the USD runs at lower flux values than those obtained at pilot-scale TFF
(Figure 8-1).
At the highest flux value tested for each disc speed, steady state (ΔRT ≤ 5%)
conditions were reached around mid-operation (DV ≈ 3.5). In all four disc
speeds, a sharp increase in the total resistance by the first diafiltration
volume followed by a rapid drop by the third diafiltration volume was
observed (Figure 10-1). This may be due to a reversible fouling gel layer
forming during the start-up and eventually stabilizing allowing flow through
the membrane. USD runs at higher fluxes were not operationally feasible.
For example, J = 41 LMH at 200 rpm (Figure 10-1A) was attempted but the
system’s safety operating pressure, ΔPTMP > 3 bar was reached (data not
shown). The four calculated disc speeds were too low to withstand the
required flux attained in all flow conditions.
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Table 8-1 Estimation of the corresponding lower disc speeds for four crossflow rates
in the pilot-scale TFF system. Average flux (Jav) values were obtained from Figure
4-4 and the total resistance (RT) calculated using Equation 1-17 and assuming a
constant µP of 0.0010 Pa s. Proportionality constant (k = 2.07 x10 14) was calculated
between total resistance (RT = 2.1 x1012 m-1) at disc speed (N = 2100 rpm) using RT
= kN-0.6 in Figure 4-8A. This match was preliminarily selected due to it giving the
combination of crossflow rate (TFF) and disc speed (USD) with the closest final
resistance values.
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Figure 8-1 Effect of different operating conditions on the average total resistance as
a function of diafiltration volumes using USD low disc speeds approach. The studied
crossflow rates (QF) - corresponding disc speeds (N) are: (A) 2 LMM - 200 rpm, (B)
4 LMM – 500 rpm, (C) 6 LMM – 670 rpm, and (D) 10 LMM – 800 rpm (Table 8-1).
Flux for TFF runs are obtained Figure 4-4A. Total resistance (RT) for TFF runs is
calculated using Equation 1-17 and assuming a constant µ P of 0.0010 Pa s. Pilotscale TFF experiments were run at constant mean transmembrane pressure
(∆P̅TMP) mode whilst USD experiments were operated at constant flux mode by the
syringe pump. Further details about the protein solution, buffer and experimental
operation are included in the legend of Figure 4-8.
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Critical flux (Jcrit) can be defined as the highest flux for a particular disc speed
where steady-state conditions were attained by mid-operation (DV = 3.5). It
dictated the possible transition between reversible concentration polarization
effects (Jav < Jcrit) and irreversible membrane fouling (J av > Jcrit). The latter
applied for the four flow conditions from the pilot-scale TFF system using the
corresponding disc speed obtained from the RT = kN-0.6 strategy.
These studies suggested that low shear experiments were limited by the
magnitude of the target flux in constant flux mode. This led to the introduction
of constant pressure mode in the USD system (Section 4.3).
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Appendix 6 : Chromatograms
The following section shows examples of chromatograms for mAb-B and Nb
solutions.
Size-exclusion
The quality of an example of the feed (Figure 8-2A), USD retentate (Figure
8-2B), and pilot-scale TFF retentate (Figure 8-2C) using mAb-B solution was
determined using size-exclusion chromatography. A small increase in dimer
is observed between mAb-B feed and the USD retentate.
The quality of an example of the feed (Figure 8-3A), USD retentate (Figure
8-3B), and pilot-scale TFF retentate (Figure 8-3C) using Nb solution is
determined using size-exclusion chromatography. An increase in HMW is
observed between the feed and the USD retentate (Δ = 1.27%) and the pilotscale TFF retentate (Δ = 0.69%).
Ion-exchange chromatography
The ionic variant composition of an example of the feed (Figure 8-4A), USD
retentate (Figure 8-4B), and pilot-scale TFF retentate (Figure 8-4C) using Nb
solution was determined using ion-exchange chromatography. An increase in
peak 5 acidic variant is observed between the feed and the USD retentate (Δ
= 0.45%) whereas it remains similar between the feed and the pilot-scale
TFF retentate (Δ = -0.03%).
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Figure 8-2 Size exclusion chromatograms for mAb-B diafiltration operations where
(A) is a 10 mg/mL feed solution used for USD and pilot-scale TFF runs; (B) USD
resulting retentate at N = 2100 rpm and (C) pilot-scale TFF retentate at QF = 4 LMM.
The flow conditions yield similar average shear rate (ȳav = 2200 s-1). These are used
to determine the change (Δ) in dimer in Figure 5-12A.
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Figure 8-3 Size exclusion chromatograms for Nb diafiltration operations where (A) is
a 12 mg/mL feed solution used for USD and pilot-scale TFF runs; (B) USD resulting
retentate at N = 2100 rpm and (C) pilot-scale TFF retentate at QF = 4 LMM. The flow
conditions yield similar average shear rate (ȳav = 2200 s-1). These are used to
determine the change (Δ) in monomer, dimer and HMW in Figure 6-6A.
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Figure 8-4 Ion exchange chromatograms for Nb diafiltration operations where (A) is
a 12 mg/mL feed solution used for USD and pilot-scale TFF runs; (B) USD resulting
retentate at N = 2100 rpm and (C) pilot-scale TFF retentate at QF = 4 LMM. The flow
conditions yield similar average shear rate (ȳav = 2200 s-1). These are used to
determine the change (Δ) in protein ionic variants in Figure 6-6B, C and D.
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Appendix 7 : Integration of concentration-time over UF/DF
The following section shows a detailed integration of the concentration over
time profile during a concentration, UF, stage followed by a diafiltration, DF,
stage.
b

The ∆OD650 can be correlated using ∆OD650 = k (tDF a ∙C ∙Fc ) (Equation 5-1)
where k, a, b and c are constants; C is concentration and F is fraction of high
shear zones by system volume representative of the chosen system
configuration.
The parameters used are:
tUF

time required for the UF stage (hr)

tDF

time required for the DF stage (hr)

T

Total time for the UF/DF stage, i.e. T = tUF + tDF (hr)

CF

feed concentration (initial)

CR

retentate concentration (final)

This integration which will account for the total time from the UF/DF stage as
described below where the concentration, C, profiles are: CF → CR (during
UF) and constant CR (during DF).
b

∆OD650 = ∆OD650.UF + ∆OD650.DF = k ∙Fc ∙C ∙Ta
b

∆OD650.UF = k Fc ∙C ∙ tUF a
c

b

∆OD650.DF = k F ∙C ∙ tDF a
Scenario 1 : a (= n = 1), b and c =1, k and F are constants
For UF stage: ∆OD650.UF = k ∙ F [C∙tUF ]
Assume C = CF + (CR - CF ) ∙ t

t
UF

where t is variable time 0 ≤ t ≤ tUF (t = 0, C = CF; t = tUF, C = CR)
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d∆OD650.UF = k F [CF + ((CR - CF )∙
tUF

tUF

∆OD650.UF = k F [∫ CF dt + ∫
0

0

t

(CR - CF )∙

∆OD650.UF = k F [CF∙ tUF + (CR - CF )∙

∆OD650.UF = k F [CF ∙tUF +

) ] dt

tUF

t
tUF

dt]

tUF 2
]
2∙tUF

(CR - CF )
∙tUF ]
2

(C + CR )
∆OD650.UF = k F [ F
∙ tUF ]
2
For DF stage: ∆OD650.DF = k F [C∙tDF ]
where C = CR → ∆OD650.DF = k F [CR∙tDF ]
For UF/DF combined stage:
∆OD650 =∆OD650.UF +∆OD650.DF = k F [

(CF + CR )
∙ tUF + CR ∙tDF ]
2

Scenario 2 : a (= n ≠ 1), b and c =1, k and F are constants
For UF stage: ∆OD650.UF = k F [C∙tUF n ]
Assume C= CF + (CR - CF ) ∙ t

t
UF

where t is variable time 0 ≤ t ≤ tUF (t = 0, C = CF; t = tUF, C = CR) and
dtn = n tn-1 dt
t

d∆OD650.UF = k F [CF + ((CR - CF )∙ t ) ] dtn
UF

tUF

∆OD650.UF = k F [∫

0

∆OD650.UF

=kF [

tUF

CF n tn-1 dt + ∫

0

(CR - CF )∙

t
tUF

n tn-1 dt]

CF ∙n ∙ tUF n
n tUF n-1
∫ t∙t dt ]
+ (CR - CF )∙
n
tUF 0
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∆OD650.UF = k F [CF ∙tUF

n

n tUF n+1
]
+ (CR - CF )∙
∙
tUF n+1

∆OD650.UF = k F [CF ∙tUF n + (CR - CF )∙
∆OD650.UF = k ∙ F ∙ [CF + (CR - CF )∙

n
∙t n ]
n+1 UF

n
]∙ t n
n+1 UF

For DF stage: ∆OD650.DF = k F [C∙tDF n ]
where C = CR → ∆OD650.DF = k F [CR∙tDF n ]
For UF/DF combined stage:
∆OD650 =∆OD650.UF +∆OD650.DF = k F ∙ [(CF + (CR - CF )∙

n
)] ∙tUF n + k F CR tDF n
n+1

This is used to represent Figure 5-19B in a linear form where n = a = 0.7 as
follows:
y

=

m

∆OD650 =

k

x

+c
0.7

([ tUF 0.7 ∙(CF + ((CR - CF ) (0.7+1 ) )) + tDF 0.7 ∙CR ] ∙F)
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Appendix 8 : Understanding trade-offs during UF/DF design
The following section describes different trade-offs that the USD system
could help evaluate with the current design and alternative options that would
be available upon creating additional USD configurations.
Scenario 1 : Current USD design and limitations
The USD design used in the experimentation sections of this thesis had a
constant feed/retentate volume, VR, of 1.7 mL and a constant effective
membrane area, A, of 2.1 cm2. This resulted in a fixed retentate volumetric
loading of 8.1 L/m2. This meant that the mass loading was directly
proportional to the volume concentration factor. A range of UF/DF stages
were designed to evaluate the trade-off between mass loading/volume
concentration factors, feed volume and time requirements with the existing
USD design (Table 8-2).
Scenario 2 : Possible experiments upon a redesigned USD system
Future work may include redesigning the existing USD design. More
process-relevant design trade-offs could be evaluated with new USD
configurations with

variable

membrane

area

and retentate

volume

requirements. Examples of trade-offs include: mass loading, membrane area
and time requirements (Table 8-3) and retentate concentration, diafiltration
buffer volume and time requirements (Table 8-4).
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Table 8-2 Trade-off between the mass loading, feed volume,

retentate

concentration, volume concentration factor, and total time for fixed retentate volume
and area requirements with the current USD design. The red outline highlights the
parameters involved in the trade-off.

Table 8-3 Trade-off between the mass loading, membrane area and time
requirements for a given volume concentration factor with a future USD
configuration. The red outline highlights the parameters involved in the trade-off.
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Table 8-4 Trade-off between the retentate concentration, volume concentration
factor, retentate volume, diafiltration volume and time requirements for a given mass
loading with a future USD configuration. The red outline highlights the parameters
involved in the trade-off.
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