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ARTICLE INFO ABSTRACT

Keywords: Gas-solid fluidized-bed reactors are often used in waste pyrolysis and gasification processes thanks to their
Fluidized bed reactor excellent mixing properties, which guarantee temperature uniformity. However, this latter property can fail
I;ump . when large objects, such as lumps, are introduced or form in the system. Understanding the motion character-
egregation

istics and thermal behaviour of lumps in a high temperature fluidized-bed reactor can help determining how the
presence of lumps impact reactors’ performance. This was the object of this study. In particular, this work aims to
assess how process variables and physical properties impact the segregation behaviour, dispersion coefficients
and heat transfer coefficients of these lumps during operation. The system used in this work is a down-scaled
pseudo-2D fluidized bed operated at ambient temperature and at fluidization velocities ranging between 1
Ums and 10 Uyy. Rutile sand with four different mean particle sizes (60 pm, 100 pm, 153 pm and 215 pm) was
used as bed material. Fabricated lumps were introduced in the fluidized bed to reproduce realistic conditions, as
when lumps form in a high-temperature fluid bed. The density ratio between the lump and the bed material
particle was varied between 0.32 and 0.55 to account for different lump compositions. X-ray digital radiography
and infrared thermography were used respectively to track the fabricated lumps and to obtain their temperature
time evolution. The lump density was found not to have a significant effect on the lump dispersion coefficients or
on the heat transfer coefficient. Optimal values of fluidization velocities that guarantee proper lump mixing and
maximum heat transfer coefficient were obtained. This latter increases by up to 10 times if the optimal fluid-
ization velocity is selected. An increase in the bed material particle size was found to cause an increase in the
dispersion coefficients and a decrease in the heat transfer coefficient. The trend of the heat transfer coefficient as
a function of the fluidization velocity was found to vary significantly between different bed material particle
sizes. A new correlation for the Nusselt number as a function of the object Reynolds number and of the size ratio
between lump and bed material was obtained. This correlation applies to cases where particle convection is the
dominant mechanism of heat transfer. The results of this work provide important knowledge to minimize the
impact of lumps on fluidized-bed reactors and to optimize their operation.

Heat transfer
X-ray imaging
Infrared imaging

assumption that fluidized-bed reactors can be considered homogeneous
in terms of concentration and temperature distributions can fail when
larger objects, either externally introduced or internally formed, are
present. These, in fact, can induce agglomeration, segregation and for-
mation of undesirable by-products and disruption of normal operation

1. Introduction

Gas-solid fluidized-bed reactors are commonly used for the thermo-

chemical treatment of waste feedstock thanks to the excellent contacting
between solids and gas, ease of temperature control and feedstock
flexibility that these reactors provide. These characteristics are enabled
by the continuous and efficient mixing taking place in such reactors,
allowing for excellent mass and heat transfer [1,2]. These, in turn,
guarantee a better tolerance to inorganic matter, such as ashes, which
tend to accumulate during treatment of non-conventional feedstock,
such as biomass and waste-derived fuels [3]. However, the common
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[4]. The presence of these larger objects, in the form of fuel particles or
lumps, is common in most of recent applications of high temperature
fluidized-bed reactors. Some instances of such applications are plastic
and biomass waste processing [5,6], nuclear spent fuel reprocessing [7]
and chemical looping combustion [8]. Plastic waste, for example, is fed
to fluidized-bed pyrolysers and gasifiers, usually together with inorganic
materials such as ashes, where it softens and causes incipient
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Nomenclature

Symbols

A [m?] Surface area

¢ [J/kg K] Specific heat

D [m] Bed diameter

Dy [m?/s] Lateral dispersion coefficient
Dy [m?/s] Vertical dispersion coefficient
d [m] Particle diameter

Fr Froude number

Hpeq [m] Fluidized bed height

h [W/m®K] Heat transfer coefficient

h* [W/m?K] Apparent heat transfer coefficient

m [kg]  Mass

Nu* [-] Apparent Nusselt number

P [Pa] Pressure

Re [-] Reynolds number

T [K] Temperature

t[s] Time

U [m/s] Superficial velocity

v [m/s] Particle velocity

x [m] Horizontal position in the bed
y [m] Vertical position in the bed

Greek letters

A Variation

e[-] Emissivity

u [Pas] Dynamic viscosity
pﬂ(g/m3] Density

ol-1 Sphericity

Subscripts

0 Initial

avg Average

distr Distributor

em Emulsion

4 gas

i Instantaneous

mean Mean value

mf Minimum fluidization
obj Immersed object

P Bed material particle
PE Polyethylene

PET Polyethylene terephthalate
pp Polypropylene

sand Rutile sand

wb Windbox

x Horizontal

y Vertical

agglomeration with bed material particles. This often leads to the for-
mation of lumps with relatively long devolatilization times, in the order
of magnitude of 1-3 min [6], which impair heat transfer and chemical
reactions [5]. If the number of agglomerates in the reactor at a given
time becomes excessive, defluidization of the reactor may occur,
causing, in turn, an unplanned shutdown and economical losses. Ideally,
the formation of lumps in fluidized-bed reactors should be avoided.
However, this is not always possible, and the impact of such lumps on
the reactor operation should be minimized. For this reason, a thorough
understanding of the motion behaviour and of the heat transfer prop-
erties of these lumps is fundamental for an optimal process control
limiting the segregation of lumps and maximizing their heat transfer in
industrial fluidized-bed reactors.

From a hydrodynamic perspective, a lump can be described as an
immersed object in the fluidized-bed system. Several studies were per-
formed on the motion of immersed objects in gas-solid fluidized-bed
reactors in terms of axial and lateral dispersion coefficients. The ap-
proaches used range from fully experimental [9-14], to fully simulative
[15,16], or a mix of the two [17]. However, a systematic characteriza-
tion of both vertical and lateral dispersion coefficients across the
bubbling and slugging regimes during normal operating conditions is
missing. Furthermore, dispersion coefficients are not sufficient to fully
characterize the motion of immersed objects in a fluidized bed, as they
do not provide information about the segregation or mixing tendency of
the immersed object. A good vertical mixing of an immersed object al-
lows for an enhanced bed-to-object heat transfer [18] good contact be-
tween volatiles and catalytic materials [19], and flameless reactions [2].
This helps in preventing the formation of hotspots, which are also cause
of lumps and agglomerates formation. Previous studies investigated the
mixing and segregation tendencies of immersed objects in fluidized-bed
reactors [11,20-24], focussing on different segregation behaviours
taking place in the different phases and on circulation patterns. The
motion characteristics of lumps also determine how they affect the
temperature distribution across the fluidized-bed reactor. Achieving a
thorough understanding of the heat transfer between the fluidized bed
and a single lump and of its dependence on the lump motion is impor-
tant. While extensive (and rather historical) research was performed on
the heat transfer between a fluidized bed and a fixed surface [25-31],

fewer studies were performed on the quantification of the more complex
bed-to-freely moving object heat transfer coefficient. The main differ-
ence lies in the fact that the only significant contribution to heat transfer
from the bubbles in the case of a freely moving object is indirect through
mixing [32]. More recent studies started investigating the heat transfer
coefficient between a fluidized bed and a larger immersed object
[32-37], at varying particle size and fluidization regime. This case can
be representative of a large agglomerate moving in and exchanging heat
with a fluidized bed. These studies found the bed-to-immersed object
heat transfer coefficient to slightly increase with the temperature of the
bed, to slightly decrease with the immersed object size and, most
importantly, to significantly decrease with an increase in the bed ma-
terial particle size. To the authors’ best knowledge there are no studies
on the effect of the immersed object density on its heat transfer coeffi-
cient. As the object density plays an important role in the object motion,
it might also have an indirect effect on its heat transfer coefficient with
the fluidized bed. The bubble fraction, and consequently the mixing, in
fact, vary with the position of the object in the fluidized bed. This means
that also the relative motion between emulsion and object is indirectly
affected by the object density. Furthermore, correlations to calculate the
Nusselt number are available in the literature for the case when gas
convection is the dominant heat transfer mechanism [38-41]. On the
other hand, correlations for the Nusselt number have not been obtained
for when the heat transfer is dominated by particle convection, which
corresponds to the case with smaller bed material particles.

This work applies advanced imaging techniques, x-ray digital radi-
ography and infrared thermography, to characterize the motion, in
terms of segregation behaviour and dispersion coefficients, and the heat
transfer of a fabricated lump in a fluidized-bed reactor treating plastic
waste. The results obtained with the two techniques were then com-
bined in order to show the link between the motion characteristics and
the heat transfer of a lump in a fluidized-bed reactor. This study, for the
first time, assesses the dependence of these characteristics on a wide
range of fluidization velocities, going from minimum fluidization up to
slugging regime. The role played by the lump density, both on the mo-
tion characteristics and on the heat transfer between lumps and fluidized
beds, is also investigated. Furthermore, as far as the authors are aware,
the effect of the particle size of the bed material on the dispersion
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coefficients of an immersed object in a fluidized bed has never been
investigated; this is also addressed in this work. Finally, a relationship
between the lump motion characteristics and its heat transfer coefficient
with the fluidized bed can be obtained for cases where the particle
convection is the dominant mechanism of heat transfer.

2. Materials and methods
2.1. Experimental setup

The experimental setup is hereby described with a focus on the flu-
idized bed, on the fabricated lumps and on the imaging systems used.

2.1.1. Fluidized bed

The experimental setup used for the collection of data consists of a
flat pseudo-2D fluidized bed with 1 cm-thick walls made of polymethyl
methacrylate (Fig. 1). The pseudo-2D configuration was chosen in order
to be able to measure the infrared radiation emitted by the fabricated
lump directly. The dimensions of the column are 1000 mm x 100 mm x
10 mm and the distributor plate is a stainless steel sintered porous plate
that guarantees even distribution of the fluidizing agent. Below the
porous plate, a windbox containing ceramic beads (8-9 mm in diameter)
pre-homogenizes the flow of fluid. The pressure drops across the
windbox and the distributor plate are described by the following
equation:

AP, disr = 21500 @ U* +12000 @ U (€8]
where AP are the pressure drops in Pa and U is the superficial velocity
through the windbox. These pressure drops across were found to satisfy
the criteria for an even distribution of the gas across the distributor plate
[24] and, therefore, a homogeneous fluidization across the bed cross
section. This was further validated through visual check performed on
the x-ray images.

The fluidized particles are high density (3000 kg/m®) rutile sand,
and the fluidizing agent is air at ambient temperature and pressure. Four
different particle size ranges were used to study the effect of the particle
size on the quantities studied. The minimum fluidization velocity, Upy,
corresponding to the different particle sizes used was experimentally
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determined through fluidization curves and the values are reported in
Table 1 together with the bed material particle mean diameters.

The particle diameters used were carefully chosen to be at least 40
times smaller than the bed thickness. This is reported to be the suitable
threshold value to have a 3D flow in a pseudo-2D fluidized bed [42],
minimizing the interference of the wall effects with the solids circulation
[43].

The conditions were chosen to maintain a similarity in hydrody-
namic behaviour with a high temperature fluidized sand bed industrial
reactor as per the Glicksman’s scaling rules [44]. The industrial reactor
would operate at near atmospheric pressure and temperature range
between 650 and 850 °C, which are typical conditions for pyrolysis or
gasification industrial processes, where plastic waste is used as a feed-
stock. Since all conditions simulated fall within the viscous limit (Re, <
4) [45], the only independent parameters to match according to

ﬂp:l]gpz’ %, D/Hyeq and ¢ [44]. Table 2 shows
the values of these parameters in industrial and scaled-down settings for
the largest particle size. Further information regarding all particle sizes
is reported in the supplementary material. The reference industrial
fluidized-bed reactor was assumed to have internal diameter of 1 m. The
diameter-to-bed height ratio can take a very wide range of values in
industrial applications, going from 0.17 up to 3 [16,46-49]. For this
study, the value 0.75 was considered.

Glicksman’s scaling rules are

2.1.2. Fabricated lump samples

Lumps were reproduced by the means of pumice beads with diameter
equal to approximately 9 mm and with varying density. Different values
of density allow to study the behaviour of lumps for different

Table 1
Mean particle diameters and minimum fluidization velocities of the rutile sand
used in the experiments.

Mean particle diameter Minimum fluidization velocity

60 pm 0.65 cm/s
100 pm 1.5 cm/s
153 pm 2.6 cm/s
215 pm 4.2 cm/s
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Fig. 1. Experimental setup: flat pseudo-2D fluidized bed with x-ray imaging system (yellow labels) and infrared camera for thermal imaging (orange label). (For
interpretation of the references to colour in this figure legend, the reader is referred to the web version of this article.)
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Table 2
Summary of the physical properties and operating conditions of the reference
industrial fluidized-bed reactor and of the scaled-down fluidized bed.

Industrial Scaled-down fluidized
reactor bed
Temperature T 750 °C 20°C
Pressure P 1 atm 1 atm
Bed material particle density p, 2650 kg/m> 3000 kg/m®
Minimum fluidization velocity 0.140 m/s 0.042 m/s
Unnf
Bed material mean diameter d, 625 pm 215 pm
Gas viscosity p 4.5810° Pa s 1.83-10° Pas
Bed diameter D 1m 0.1m
ppUmfdp2 3.2 3.2
HeD
1 gD 501 550
Fr Uy
D/Hpeq 0.75 0.75
¢ 0.86 [25] 0.86 [25]

compositions. The ratio between the lump size and the sand particle
average size is approximately 40, allowing to consider the former as a
freely moving object. This ratio corresponds to a lump size of 15 mm in
the industrial reactor, which is in line with previous studies [6,46].

The change in density was achieved by loading different amounts of
iron inside each sample (see Fig. 2a). Fig. 2b shows an x-ray image of one
of the samples. Pumice was the sample material chosen because it can
withstand high temperatures without degradation, it has a low density,
and it presents a thermal conductivity (0.13-0.17 W/mK [50]) that
perfectly matches that of plastics (0.11-0.22 W/mK [51]). This allows to
account for the conductive heat transfer through the lump in a way that
is representative of industrial applications. Iron filings were used as a
tracer for x-ray imaging, and, at the same time, allowed to achieve the
required lump densities. These fabricated lumps were heated up in a
muffle furnace and then introduced from the top into the fluidized bed,
operated at ambient temperature. For the sake of accuracy, the pumice
beads were covered in matt black paint in order to bring their emissivity
very close to 1, allowing for the black body approximation, and, there-
fore, having an infrared camera reading that can be directly linked to
their temperature. The potential effect of this procedure on the heat
transfer between the fabricated lumps and the fluidized bed is negli-
gible, as it only affects the radiative heat transfer contribution, which is
negligible for temperatures below 600 °C [52].

The devolatilization time for plastic particles with diameter ranging
from 8 mm to 12 mm in a fluidized-bed reactor operated at temperatures
between 500 °C and 650 °C was previously studied [6]. This was found
to have values in the 40 s — 174 s range. Hence, due to the slow devo-
latilization of plastic-sand lumps, the formation of endogenous bubbles
in plastic processing fluidized-bed reactors is limited and does not affect
significantly the motion characteristics and heat transfer of the lump.

[ron tracer

(a) (b)

Fig. 2. Pumice beads samples: (a) schematic of the samples used, (b) x-ray
image of one of the samples.
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For this reason, the use of inert pumice as material to simulate lumps is
justified. Contrarily, if biomass particles were to be studied, the release
of volatiles bubbles would need to be taken into account as it would
strongly affect the particle motion [6,53].

Depending on the amount of sand embedded in a plastic-sand lump,
the lump density will vary. This was taken into account by using fabri-
cated lumps with varying densities. The density ratios between the
samples and the bed material particles, reported in Table 3, were used to
draw a similarity with lumps in industrial applications. The sample
density ratios allow to simulate the behaviour of lumps with densities
ranging from that of pelletized plastic waste (ppp,avg ~ PpE,avg ~ 900 kg/
m®, PPET,avg ~ 1300 kg/m>) to that of polypropylene or polyethylene
lumps with sand volume fraction of 30%. The density ratios of these two
extremes in relation to silica sand (psand ~ 2650 kg/m3) are, in fact, and
0.34 and 0.54 respectively. The whole range between these two values is
covered with the samples used.

2.1.3. Imaging systems

Fig. 1 shows the x-ray imaging system and the infrared camera,
respectively with yellow and orange labels. The x-ray imaging system
has been custom built by Shawcor and Genvolt. It is constituted of a
pulsed high-voltage generator and an x-ray source, that together pro-
duce an x-ray beam; this is attenuated as it passes through the fluidized
bed and then amplified and converted into a digital signal with an image
intensifier and a CCD (charge-coupled device) camera. The system al-
lows for image capture at a rate of up to 36 fps with a resolution of 1024
x 1040 pixels. On the other hand, the infrared camera is a short-wave
infrared (SWIR) FLIR A6260 camera, allowing for imaging of the
infrared radiation in the 0.9-1.7 um range. The integration time used
during this study was 0.1 ms, which allowed to achieve 204 frames per
second with a resolution of 640 x 512 pixels.

2.2. Methodology

Two techniques, x-ray digital radiography and infrared thermog-
raphy (Fig. 3(b-c)), were used for the investigation of the motion and
thermal behaviour of large particles in a fluidized bed. For both the
techniques, the duration of the data sampling was of 30 s. Out of the
corresponding frames, only the relevant ones were used for post-
processing. Namely, for the x-ray particle tracking, only the frames
corresponding to the duration of the transient for the particle to sink at
the bottom or float at the top were used. On the other hand, for the
infrared imaging data, only the initial frames with readings above the
background noise level were considered.

2.2.1. X-ray digital radiography

X-ray digital radiography takes advantage of the penetrating power
of x rays to create a 2D projection of a 3D object, where each pixel gives
an indication of the attenuation the x-ray beam has gone through along a
specific path. Although highly penetrating, x rays will undergo attenu-
ation, which is a reduction in the x-ray beam intensity, due to the
interaction phenomena of scattering, photoelectric absorption and pair
production [54]. A great advantage of this diagnostic technique, just like
infrared thermography, is that it is non-intrusive, meaning that it does
not perturbate the normal operation of the fluidized bed, as other
techniques might do. In this study, the x-ray attenuation is used to track
the fabricated lump within the bed.

Table 3
Fabricated lump samples and relative densities.
Sample number Pobj [kg/m’] Pobj/Pp [-]
1 970 0.32
2 1190 0.40
3 1410 0.47
4 1640 0.55
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2.2.2. Infrared thermography

Infrared thermography is based on the emission of thermal radiation
by all bodies at a temperature higher than 0 K. Most of the emitted
thermal radiation falls in the infrared range of the electromagnetic
spectrum. By collecting this radiation, information can be obtained on
the temperature of the objects that are being observed. For this purpose,
black bodies, or perfect emitters, are the best option. Their emissivity, ¢,
is equal to 1, meaning that they do not reflect infrared radiation. Instead,
the totality of the radiation coming from them is emitted by the black
bodies themselves. This allows to draw a direct correspondence between
the infrared radiation collected by the camera and the body’s temper-
ature [55].

A calibration curve was obtained in order to convert the reading from
the infrared camera into the temperature of the object that emitted the
infrared radiation. More details about the calibration procedure are
reported in the supplementary material.

To study the thermal behaviour of the fabricated lumps, these were
heated up in a muffle furnace up to approximately 550 °C and then
dropped inside the fluidized bed at ambient temperature, while the
infrared camera recorded their infrared emission. The initial tempera-
ture of the fabricated lump was chosen to reproduce the same temper-
ature gradient that would be observed by a plastic-sand agglomerate in a
hot fluidized bed during thermochemical conversion [56]. The present
study is carried out under the assumption that the heat transfer coeffi-
cient between a cold immersed object and a hot fluidized bed is the same
as the one between a hot object and a cold bed under forced convection.
This assumption is widely adopted in the literature [48].

3. Results and discussion

Experiments were carried out varying the lump density, the fluid-
ization velocity and the bed material particle size.

(b)

Fig. 3. Visual image (a), x-ray image (b) and thermal image (c) of the fluidized bed with a fabricated lump.
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(c)

3.1. Motion characteristics of the lumps via x-ray digital radiography

X-ray digital radiography was used to track the fabricated lump
moving within the fluidized bed. Some typical x-ray images for different
gas superficial velocities are shown in Fig. 4.

By identifying the lump and keeping track of its position inside the
bed, a trajectory can be obtained and plotted as a function of time. This
is shown in Fig. 5(a), where each circle corresponds to one position. The
time is shown with the circle colour, going from blue to green as time
goes by. Fig. 5 (b), on the other hand, shows the time evolution of the
vertical position of the fabricated lump only. The dashed lines in both
figures represent the levels between which the fluidized bed interface
oscillates due to the eruption of gas bubbles at the surface.

A systematic approach was then adopted to observe the effects of the
lump density, of the gas superficial velocity and of the bed material
particle size. The plots for the most significant values of fluidization
number are reported in Fig. 6, which shows the time evolution of the
vertical position of the fabricated lump for different lump densities and
gas superficial velocities.

3.1.1. Segregation behaviour of lumps

Table 4 summarizes the behaviour of the fabricated lumps for
different values of fluidization velocity and lump-to-particle density
ratio. These results were obtained for the largest particle size (dpmean =
215 pm).

Two different trends were observed: for superficial velocities smaller
than or equal to 2 Uy, by increasing the density of the fabricated lump,
segregation towards the bottom of the reactor increases. On the other
hand, when the gas superficial velocity increases beyond 4 Up, mixing
within the fluidized bed becomes so vigorous that the effect of the lump
density becomes less relevant. Industrial bubbling fluidized-bed reactors
are usually operated at several times the minimum fluidization velocity
[57]. However, the gas superficial velocity guaranteeing the proper
mixing of lumps (between 2 Uy and 4 Uy in this case) is expected to
vary with the operating conditions and the physical properties of the
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Fig. 4. X-ray images of the pseudo-2D fluidized bed for different gas superficial velocities (sample 4, d, mean = 215 pm).
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Fig. 5. Example of x-ray digital radiography data for sample 4 at 2 Up,r and with dp mean = 215 pm: (a) trajectory of the fabricated lump (going from blue to green)
and (b) time evolution of the lump vertical position. (For interpretation of the references to colour in this figure legend, the reader is referred to the web version of

this article.)

system. Attention needs to be paid in identifying this value, to then
operate the fluidized-bed reactor at larger fluidization velocities in order
to avoid the segregation of lumps. On the other hand, too large fluid-
ization velocities could bring about operational problems, such as
attrition and elutriation of fines, which would be detrimental for the
reactor operation. A good balance between these two mechanisms needs
to be found in the design phase of a fluidized-bed reactor.

The effect of the bed material particle size was then investigated for
sample 1. The results are summarized in Table 5 and show how
increasing the bed material particle size, while keeping the fluidization
number constant, improves the mixing of the lump within the fluidized
bed. This can be attributed to larger minimum fluidization velocities
corresponding to larger particle sizes.

3.1.2. Vertical and lateral dispersion coefficients of lumps
The vertical and lateral motion of the fabricated lump was studied in
terms of vertical and lateral dispersion coefficients, defined as follows:
(Ay:)’

D, = 2
Y 2At 2

_ (Ax,-)z
b, = 2At 3

For the calculation of the dispersion coefficients, the time step At was
kept constant and equal to 1/36 s, and the horizontal and vertical dis-
placements, Ax and Ay respectively, were evaluated over this constant
time step. The minimum time scale for the gulf streams was estimated to
be around 1 s. Hence, a sampling frequency of 36 Hz was deemed
appropriate to describe the phenomenon studied.

The experiments were first carried out with the largest particle size
(dp,mean = 215 pm) for different lump densities and fluidization veloc-
ities, and the results are reported in Fig. 7. They show a very clear
correlation between the dispersion coefficients and the fluidization
number U/Upys. The lump density does not seem to affect the dispersion
coefficients as there is no clear trend pointing towards a larger or smaller
dispersion coefficients as the lump density increases. For low fluidiza-
tion numbers, this is attributable to the fact that the movement of the
fabricated lump, even for large densities, is very slow. On the other
hand, for large fluidization numbers, the effect of the vigorous mixing
appears to overcome the effect of the density, as shown in Fig. 6(b).
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Fig. 6. Time evolution of the vertical position of the fabricated lumps in the fluidized bed (dp mean = 215 pm) for (a) 2 Uy and (b) 4 Upyy.

Table 4
Behaviour of the fabricated lumps for different values of fluidization velocity
and lump-to-particle density ratio (dp mean = 215 pm).

Ume 1.5 2Uns 4Upns 6Upns  8Upy 10Uy
Un¢
Pobj/Pp = Float  Float Float Mixed Mixed Mixed Mixed
0.32
Pobj/Pp = Float  Float Mixed  Mixed Mixed Mixed Mixed
0.40
Pobj/Pp = Float  Float Mixed Mixed Mixed Mixed Mixed
0.47
Pobj/Pp = Sink Sink Sink Mixed Mixed Mixed Mixed
0.55
Table 5

Behaviour of the fabricated lumps for different values of fluidization velocity
and bed material particle size (pob/pp = 0.32).

Unf 1.5 2 U 4 Ups 6 Ups 8 U
Um¢

10 Uy

dp,mean = 60 Float  Float Float  Float Float Mixed  Mixed
pm
dp,mean = 100 Float  Float Float Float Mixed Mixed  Mixed
pm
dp,mean = 153 Float  Float Float Mixed Mixed Mixed Mixed
pm
dp,mean = 215 Float  Float Float Mixed Mixed Mixed Mixed
pm

However, dispersion coefficients are not sufficient to fully charac-
terize the motion of lumps as they only give an indication of the average
motion in a time interval. For example, referring to the 2 Uy, column in
Table 4, even though the vertical dispersion coefficient for different
lump densities is very similar, the tendency of the lump to sink, mix or
float varies greatly with its density. Furthermore, by definition, disper-
sion coefficients are used to characterize the motion of particles evolving
towards a homogeneous distribution. This means that, for the experi-
mental runs in which the lump sank or floated, the vertical dispersion
coefficient is not to be interpreted from a physical point of view, but
rather as a measure of the average motion of such lumps. However, as
can be observed in Fig. 7, the trend of the vertical dispersion coefficient
is continuous for different segregation behaviours. This is particularly
true for the experiments run at 2 Uy where, although completely

different segregation behaviours can be observed for different lump
densities (Table 4), the vertical dispersion coefficient is constant. On the
other hand, the lateral dispersion coefficient for the experimental runs at
larger flow rates is also to be interpreted as an indication of the average
lateral motion of lumps rather than by its physical definition. In these
cases, in fact, a single bubble path is present, and dispersion between
different mixing cells is not possible. A mixing cell is defined as the
volume comprising a bubble path and the flow structure around it [4].
This concept has been applied to study the lateral dispersion of fuel
particles in wide fluidized beds [16,58].

Results were then compared to previous results found in the litera-
ture, showing good qualitative agreement, although quantitative com-
parison is complicated. The numeric values, in fact, are highly
dependent not only on the bed material and lump physical properties,
but also on the fluidized-bed cross section [58]. For example, a study
[10] showed the values of the lateral dispersion coefficient for fluid-
ization numbers of 6, 8 and 11 and found them to be 5 to 15 times larger
than the ones found in this study. The experimental setup in [10],
however, is supposed to represent the behaviour of a significantly larger
fluidized bed (0.85 m x 0.85 m) than the one used in this study. Very
good agreement is found with Monte Carlo modelling results [59] in
terms of lateral dispersion coefficient. These also show a power law
behaviour that seems to emerge from Fig. 7.

Once established that the density does not affect the vertical and
lateral dispersion coefficients, the effect of the bed material particle size
on the dispersion coefficients was assessed for the fabricated lump
number 1 (pobj/pp = 0.32). Four different particle sizes were used (refer
back to Table 1) and Fig. 8 shows the results. A power law behaviour
with respect to the fluidization velocity can again be observed.
Furthermore, the bed material particle size also clearly has an impact on
the value of the dispersion coefficients.

Fig. 9 shows the dependence of the dispersion coefficients on the bed
material particle mean diameter for different fluidization numbers, and,
also in this case, the relationship seems to approach a power law. Some
discrepancies from this trend can be observed both in Fig. 8 and in Fig. 9
for the lateral dispersion coefficients. This is likely due to to experi-
mental error and to the time scale the experiments were carried out on.

This increase in dispersion coefficients with the bed material particle
size can be attributed to larger minimum fluidization velocities for
larger bed material particles, as well as to a more vigorous bubbling,
even slugging at times, and therefore enhanced mixing.

The immersed object density was found not to influence the vertical
and the lateral dispersion coefficients. On the other hand, these
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Fig. 7. Vertical and lateral dispersion coefficients of a fabricated lump versus fluidization number for different density ratios (dp,mean = 215 pm).
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Fig. 9. Vertical and lateral dispersion coefficients of a fabricated lump versus bed material particle sizes for different fluidization numbers (popi/pp = 0.32).

dispersion coefficients were found to be strongly affected by the fluid- fluidized-bed reactors the formation of lumps should be avoided.
ization velocity and by the bed material particle size. Both of these re- However, this is not always possible, and, to minimize their impact on
lationships show a power-law behaviour. In commercial applications of the operation of a fluidized-bed reactor, their segregation needs to be
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prevented. This can be obtained either by operating the reactor at larger
fluidization numbers or by increasing the bed material particle size.

3.2. Heat transfer coefficient between fluidized bed and lumps via
infrared thermography

The detailed procedure followed to obtain the heat transfer coeffi-
cient starting from the infrared camera is reported in the supplementary
material. It consists in converting the infrared reading into a tempera-
ture evolution, which is then fitted with an exponential function, whose
curvature provides the heat transfer coefficient. The obtained apparent
heat transfer coefficient embeds the conductive heat transfer through
the lump radius to make its application more immediate.

3.2.1. Effect of the lump density on the heat transfer coefficient

This procedure was first used to study the effect of the lump-to-bed
material density ratio over the heat transfer coefficient. Fig. 10 shows
the resulting values for the different samples and for different values of
gas superficial velocity. These results were obtained for the largest
particle size (dp,mean = 215 pm), which belongs to group B in Geldart’s
classification.

For small superficial flow rates, the heat transfer coefficients increase
fairly sharply (up to fourfold) with the superficial velocity from Uy to
2Upt. By contrast, once 2 Upyr has been reached, the heat transfer tends
to stabilize and stay constant even for superficial velocities of up to 10
Upf. Some discrepancies from this constant behaviour can be observed
and are likely due to experimental error. It is worth noting that the
infrared imaging technique for the measurement of the heat transfer
coefficient seems to be more reliable at low fluidization numbers, as
better consistency between different measurements is observed. This is
probably due to a less vigorous mixing behaviour, which, in turn, allows
for a slower transient. The immersed object density, once again, does not
seem to play an important role in the results, as no particular pattern can
be identified for varying densities. Since this bed material belongs to
group B in Geldart’s classification, the excess of fluidizing gas with
respect to the minimum fluidization velocity results in the formation of
bubbles, assuming that the emulsion voidage is constant, according to
the two-phase model. This means that the gas superficial velocity in the
emulsion is constant. Nevertheless, the heat transfer coefficient in-
creases, pointing at the fact that the main mechanism of heat transfer
must be particle convection. Comparison between the results reported in
this study and literature data is complicated due to a different definition
of the heat transfer coefficient h. The value used in this study, in fact, is a
heat transfer coefficient that also takes into account the thermal con-
ductivity resistance of the lump. For this reason, the resulting heat
transfer coefficient is expected to be lower than the commonly used one.

—B— Pobj/pp =0.32

100
—+— Pobj/pp =0.40
PobjlPp = 0.47
75
- PobjlPp =0.55
0 2 4 6 8 10 12
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Fig. 10. Heat transfer coefficient between bed and fabricated lump versus gas
superficial velocity for different values of lump density (dp mean = 215 pm).
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However, since the material used to simulate lumps presents a very
similar thermal conductivity to that of plastic, the resulting value of
apparent heat transfer coefficient would still be representative of ther-
mochemical applications. To distinguish this apparent heat transfer
coefficient from the most commonly used heat transfer coefficient, the
former is referred to as h*. Qualitatively, the dependence of the heat
transfer coefficient with the fluidization velocity agrees with previously
published results, which found that the heat transfer coefficient in-
creases with increasing the fluidization velocity up to a certain value,
after which it becomes constant [37,60-62]. Other studies, however,
found a maximum of the heat transfer coefficient for a specific value of
fluidization velocity [32,63], which depended on the bed material
particle size. Nevertheless, from a physical point of view, a maximum in
the heat transfer coefficient is not expected. The dependence of the heat
transfer coefficient on the fluidization velocity is dominated by two
mechanisms. The first one consists in larger flow rates causing shorter
residence times of emulsion packets near an immersed object, and,
therefore, improving the heat transfer between object and fluidized bed.
The second mechanism consists in an increasing fraction of bubbles in
contact with the surface as the fluidization velocity increases, which
worsens the heat transfer due to the poor thermal properties of gases
[64]. While in the case of fixed surfaces, these two mechanisms are
comparable, in the case of a freely moving object the contact time be-
tween immersed objects and bubbles is sufficiently small [60] that the
blanketing phenomenon can be neglected. The heat transfer coefficient
is then expected to increase asymptotically with the fluidization
velocity.

In industrial settings the reactor needs to be operated at fluidization
velocities larger than the minimum value guaranteeing a maximum heat
transfer coefficient. At the same time, going too far beyond this value
does not provide any advantage from a heat transfer point of view, and
causes the intensification of some operational problems. The lump-to-
bed material density ratio does not seem to be affecting the heat trans-
fer coefficient, at least for the range of density ratios that was studied.

3.2.2. Effect of the bed material particle size on the heat transfer coefficient

The effect of the bed material particle mean diameter was studied for
the fabricated lump number 1 (pop;/pp = 0.32). The results are reported
in Fig. 11 and show how smaller particle sizes allow for larger heat
transfer coefficients. Furthermore, a general trend can be identified: for
all particle sizes the heat transfer coefficient increases almost linearly for
a range of fluidization velocities, to then become approximately con-
stant. The increase, however, shifts to larger fluidization numbers as the
particle size decreases. The smaller bed material particles, in fact, belong
to group A in the Geldart classification, meaning that the corresponding

800
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Fig. 11. Heat transfer coefficient between bed and fabricated lump versus su-
perficial gas velocity for different values of bed material mean diameter (pob;/
pp = 0.32).
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fluidized bed tends to expand for a range of fluidization velocities before
bubbles start forming. Therefore, for small particle sizes and low fluid-
ization numbers, no bubbles are present, and, consequently, the mixing
and the circulation patterns are less pronounced. This is clearly
observable for the smallest particle size used, dj mean = 60 pm, where the
heat transfer coefficient remains constant until the fluidization velocity
exceeds U = 2Uy,. Again, this can be interpreted as further evidence that
most of the heat transfer occurs between the lump and the bed material
particles, as a sharp increase can be observed in correspondence of the
start of the bubbling behaviour, while the voidage in the emulsion phase
can be considered constant.

The increase of the heat transfer coefficient with smaller particle
sizes agrees with previous studies [33,36,52,64] and can be attributed to
a better contact between the lump and the bed material. However, it is
the first time that the difference between group A and group B particles
in the heat transfer coefficient trend is directly observed. In practical
terms, Fig. 11 shows that if a group A bed material is used, a shift to-
wards larger fluidization numbers is even more important to guarantee a
maximum heat transfer coefficient. The minimum gas superficial ve-
locity guaranteeing a maximum heat transfer coefficient, in fact, can be
at fluidization velocities that are significantly larger than the minimum
fluidization value (6 Ups for bed material with dj, mean = 60 pm).

3.2.3. Nusselt number correlation

An empirical correlation is obtained for the calculation of Nu* using
the measured h* as a function of the Reynolds number, by fitting the
experimental data with the commonly used semi-empirical correlation
[40,41] of the type:

NM* =2 + aRe,,bjb (d(,[,j/dl,)e (4)
which satisfies Nu* = 2 for stagnant gas and where a, b and e are fitting
coefficients. While this type of correlation has mostly been used when
the heat transfer is dominated by gas convection, it also fits satisfactorily
the case studied, where particle convection is the main heat transfer
mechanism. The size ratio, and therefore the contact, between the bed
material and the lump has a major impact on the Nusselt number. On the
other hand, the Prandtl number, used in previous studies on gas
convection-dominated heat transfer [65,66], is not expected to impact
the heat transfer significantly.

Fig. 12 shows the experimental points and the resulting fitting. The
correlation obtained is:

Nu' = 2+0.037Re,"> (doy /dy)" -

where Regpj is obtained from the x-ray images as it follows. The
immersed object instantaneous velocity can be used to obtain a Reynolds
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Fig. 12. Apparent Nusselt number plotted versus object Reynolds number for
different bed material particle sizes: experimental data (points) and fitting
(solid lines).
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number referred to the relative motion between the object and the gas in
the emulsion phase, which is more representative than the commonly
used Regp; calculated using either the minimum fluidization superficial
velocity [67] or the superficial gas velocity [68]. An instantaneous Regp;,
i can be obtained according to Equation (6), and this is then averaged
over time to obtain a mean value to use in Equation (5).

—
- Uem

ra—
Vobj,i

pg dobj

Regyji =

©
He

where pg,s and pigas are respectively the gas density and dynamic vis-
cosity, Vo is the object velocity, Uen the gas velocity in the emulsion
phase, assumed to be constant and upwards. The subscript i indicates the
instantaneous value of the quantity it is referred to. The advantage given
by using this Re,p; over other definitions is that it takes into account the
actual motion of the immersed object with respect to the emulsion.

The coefficients in Equation (5) are fairly different from the ones
seen in the literature and this can be attributed to the different defini-
tions of the Reynolds and of the Nusselt numbers with respect to pre-
vious studies. The first one, in fact, is referred to the relative motion
between immersed object and gas in the emulsion phase, while the
Nusselt number was obtained with h*, also taking the conduction of heat
through the fabricated lump into account. Equation (5) can then be used
to have an accurate prediction of the Nusselt number between a fluid-
ized bed and a lump in industrial applications for a wide range of
fluidization velocities and bed material particle sizes.

4. Conclusion

X-ray digital radiography and infrared thermography were used to
characterize the segregation behaviour, the dispersion coefficients, and
the heat transfer coefficient of a lump inside a fluidized-bed reactor.
Wide ranges of fluidization velocities and particle sizes were investi-
gated and showed power-law behaviours for dispersion coefficients with
respect to both of these parameters. The dispersion coefficients were
found to be in the 10 m/s? and 10"® m/s? range for horizontal and
vertical dispersion coefficients respectively. Optimal values of fluidiza-
tion velocities preventing lump segregation and maximizing the heat
transfer between the lump and the fluidized bed, increasing by a factor
of up to 10, were found. These values vary significantly, from a mini-
mum of 2 Uy to a maximum of 8 Uy, depending on the lump density
and on the bed material particle size. The lump density was found not to
significantly affect the dispersion coefficients or the heat transfer coef-
ficient; however, it played a role in the propensity to cause segregation
at the smaller fluidization velocities. An increase in the bed material
particle size was shown to decrease the heat transfer coefficient, by up to
a factor of 2.5, and to reduce the minimum fluidization number that
guarantees full lump mixing. Finally, a combination of the data obtained
with the two techniques allowed to draw a correlation for the Nusselt
number as a function of the object Reynolds number and the object-to-
bed material size ratio. This correlation is valid for cases where parti-
cle convection is the dominant heat transfer mechanism. An improved
knowledge of the behaviour of agglomerates in fluidized-bed reactors
can help in choosing design parameters and operating conditions
minimizing the chances of operational problems.
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