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Abstract

Major advances in molecular biology, genomics and analytical techniques have 

significantly increased the rate of discovery of new molecular entities. Automation 

and multi-well plate technology has played a vital role in these advances. The 

translation of discoveries to products demands parallel approaches which allow 

large numbers of process options to be rapidly explored. The engineering 

challenges in achieving this go well beyond those for discovery studies and provide 

the motivation for this work.

In this thesis the fundamental engineering issues that impact fermentation and cell 

culture at micro-well scale are addressed. Results will be given based on 

experimental data obtained from a new miniature bioreactor and standard 
microwell plates.

The miniature bioreactor is designed to have a working volume of 6 mL, with its 

major dimensions equal to those of a single well of a 24-well plate. Two prototypes 

are presented, one fabricated from Perspex to allow flow visualisation and the 

other is machined from stainless steel to allow steam sterilisation. Agitation in the 

miniature bioreactor is provided by a set of three micro-fabricated flat open turbine 

impellers positioned centrally in the vessel and driven from the top of the vessel by 

a micro-electric motor with a speed of up to 15,000 rpm. The bioreactor is 

equipped with fibre optic probes and sensors to measure key fermentation 

parameters including oxygen transfer rate, pH and cell growth.

Experiments in the miniature bioreactor combined with computational fluid 

dynamics (CFD) show that the mass transfer conditions found in the miniature 

bioreactor can be controlled to give comparable conditions to those found at larger 

scale (15 L working volume). It is also shown that bacterial and mammalian cell
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growth in the miniature bioreactor are both feasible. Preliminary data are 

presented and compared with results from a laboratory scale bioreactor.

The potential expansion of the miniature bioreactor into an automated parallel 

processing system is discussed. Translation of results to multi-well plate format 

has the potential to give a step increase in the speed of process development. The 

reduction of cost by automation of multi-well fermentation will allow process insight 

to be built up at an early stage of development in the life cycle of a potential drug 

candidate where the risk of clinical trial failure usually precludes any process study.
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Chapter 1 - Introduction 

Rationale and structure

The development of genetic engineering has now reached a stage where the 

process engineer in the biopharmaceutical industry is routinely faced with a very 

large number of variants of cell strains for evaluation as potential cellular producers 

of new materials. These products cover the whole range from macromolecules, for 

example plasmid DNA, to small molecules such as antibiotics.

The engineer has the challenge first of analysing the performance of individual 

strains in terms of their process characteristics and then of developing detailed 

process designs on those which show potential. Robotic multi-well systems, 

originally developed for drug discovery and designed to use minute quantities of 

reactants, are used more and more often for the initial analysis of cell strains. 
There are clear economic and practical advantages to using miniature quantities 

and automation technology. However, the technology is not yet geared to the study 
of the process characteristics of the unit operations - current practice is still to use 

lab- and pilot-scale equipment; miniaturisation is at the early stages of 

development.

This thesis focuses on the miniaturisation of fermentation systems. It contributes 

to the process engineering science base for a new generation of miniature 

fermenters with the capacity to produce a step change in the way conventional 

early stage fermentation studies are conducted.

This first chapter provides the detailed rationale for the thesis and presents the 

concepts that underpin the design and operation of a miniature fermenter or 

bioreactor. An overview of process development is provided, including insight into 

standard fermentation techniques and scaled-down models that are used for 

development. It concludes with the aims and objectives of the thesis.

The chapters that follow discuss the materials and methods used and the results 

found. Also discussed is the impact that a miniature bioreactor might have on the 

process development and validation of a process.
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.2 The challenges in biopharmaceutical research and development

The process of bringing a new biopharmaceutical to market has evolved 

significantly over the last 50 years since penicillin was first produced at large scale. 

DiMasi (2001) estimated that the average cost of developing a new drug -  taking a 

compound through a screening program, preclinical and clinical trials, and finally a 
regulatory review to large-scale production -  had reached US$802 million.

Increased focus on more complex diseases and more sophisticated drug delivery 

systems has increased the time needed for drug research and development. In the 

past few years the biopharmaceutical industry has made heavy investments in the 

automation of drug discovery allowing the screening of hundreds of thousands of 

samples to be tested simultaneously. This is well illustrated in the Merck & Co., Inc. 
Annual Report for 1998: “During 60 years of Merck research (1934 to 1994), Merck 

scientists synthesized and screened about 250,000 compounds in their search for 

new medicines. Since 1995, when they began using combinatorial chemistry, they 

have screened more than 4.5 million compounds”. And as more drug candidates 
are brought forward for development, the time pressure on bioprocess 

development is increased significantly.

The complexity of biopharmaceutical products is ever increasing: from small 

molecules like antibiotics, to macromolecules such as proteins with important 

tertiary or quaternary structures to plasmid DNA and viruses for gene therapy. 

Increased complexity of product inevitably tends to lead to more complex process 

interactions, making process modelling and pilot-plant trials more important than 
ever.

Of every 5,000 to 10,000 compounds screened, approximately 250 enter 

preclinical testing, 5 enter clinical testing and 1 is approved by FDA. 

(Pharmaceutical Research and Manufacturers of America, 2003). Given that so 

many drug candidates fail due to rigorous safety testing, it is unrealistic to run 

large-scale manufacturing trials until very late in the development pathway of a 

new drug. Increasingly, the difficulties and delays experienced whilst process
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options are explored and delays in plant start-up can cause significant losses of 

future revenue. This loss can reach US$2M per week for a typical 

biopharmaceutical on the critical path to licensure (Goochee, 2002).

In these circumstances, it is critical to ensure that process development is 

performed in a fast and efficient way. There is a clear need for a new approach 

where process options can be explored earlier and at a lower cost, and which is 

capable of coping with the greater risk of subsequent clinical trials failure.

1.3 Current process development practices

The ‘standard’ development timeline of a new drug is largely dictated by regulatory 

requirements of the country in which the drug will be sold. These tend to involve 
rigorous validation procedures, which can be long and costly and have a high 

failure rate (summarised in Chapter 5). Traditionally, the role of process 

development was to stay off the critical path for the launch of a new product. 

However, it is now widely recognised (Pisano, 1997) that process development 
capabilities influence cost, development speed and product innovation in 

pharmaceuticals.

Pisano suggests that process development can be divided into three phases:

■ Process research which entails developing analytical methods, evaluation 

and exploration of cell line and purification methods at small scale and lab 

scale production of material for preclinical studies.

■ Pilot development which covers the scale up, evaluation and optimisation 

of the complete process.

■ Technology transfer and start-up, which involves transferring the 

technology to the commercial manufacturing plant. This could include tasks 

such as optimisation of process under commercial conditions and the 

validation of the manufacturing process.

Figure 1.1 shows how the three phases interact. Process research generally 

occurs during pre-clinical and phase I clinical trials. Pilot development generally
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overlaps this and occurs during phase I, II and III clinical trials and commercial 

plant transfer and start-up occurring during phase III trials and beyond.

Process Research

Modified
Process

Preliminary
Process

Selection

Pilot Development

Technology Transfer and Startup

Evaluate at 
Full Scale

Optimize
process

Pilot
Batches

Pilot
Batch

Operator
Training

Develop
SOPs

Bench-Top
Reactor

Develop
Analytical
Methods

Explore 
Cell Line 
Ontinns

Facilities/
Equip.Design

Explore 
Additional 
Cell Lines

Validate Process at 
Scale

Evaluate at 
bench 
Scale

Small-Scale
Purification

Process

Write
Specifications/

Documents

Evaluate Cell 
Line in Shake 

Flasks

Evaluation/ 
Modification 

(1/10 final 
scale)

Identify &  Refine Problem 
Steps

Feedback loops if problems 
occur

Cell Specific productivity 
Cell Growth Rates 
Genetic Stability 
Media Condition 

Agitation 
Cell Adaption 

Economics

Cell Specific productivity 
Cell Growth Rates/Kinetics 

Genetic Stability 
Cell Culture Condition 

Purification Yields 
Equipment Designs 
Analytical Methods 

Economics

Figure 1.1: The Process R&D Cycle for a Genetically Engineered Drug (Pisano, 1997)

The early development phases, (i.e., process research) have a great influence on 

final process economy. If the wrong decisions are made at the beginning of the 

development of a process it will be very expensive, if possible, to reverse the 

negative outcome at pilot or production scale. The problems encountered may not 

even be recognised and thus the hidden potential of the process will remain 

unexploited. Inadequate screening may lead to inferior results or even situations 

where there is no product found at all.
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1.3.1 The challenge of process development.

Time to market is a critical factor in the development of a new drug; it is becoming 

increasingly important to make sure that the approval of a potential blockbuster 

drug is not delayed for any reason.
i

Getting the process development right is key -  it is now widely accepted that this 

“helps get drugs to market faster, and is therefore crucial for company success"

■ (Shultis, 2002). However, it is not often clear which is the best way to distribute

process development resources to maximise the output of licensed drugs. Less 
than half of drug candidates survive phase II yet a significant process exploration 

and development effort has to be expended on these candidates. The result must 

be a commercially ready process, even if the candidate proves to be commercially 

unfeasible. Balancing the demands of phases I and II can be difficult.

There are various resource allocation strategies which can be used. Shultis (2002) 
i suggested the following five:

1) Crisis management

2) Manufacturability or developability

3) No process development until phase III

4) Develop everything

5) Portfolio management

Choosing the correct strategy is an important decision which depends on the

company; the number of drugs ready for development and the resources available. 

Failure to get it right leads to shortages of clinical supplies, delays in the launch 

date and an unstable supply chain.

This discussion (Shultis, 2002) of where process development resources might be 

most usefully deployed highlights the need for a new approach allowing more 
efficient development.
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1.3.2 Scale-up/scale-down

For economic reasons most process development work is not completed at the 

final scale. Instead the development work is completed using scale down studies. 

This involves extensive use of pilot- and laboratory-scale equipment to predict and 

optimise the performance of large-scale processes. Each stage of the potential 

production process is tested at laboratory scale, from fermentation to purification, 

recovery, polishing and formulation.

However, laboratory and pilot-scale operations require relatively large quantities of 

materials which may not be available early in the development pathway of a new 

drug. Additionally, these experiments are time consuming -  adversely affecting 

time-to market, particularly when large numbers of potential drug candidates are 
involved.

Several research groups have started investigating the performance of key unit 

operations at micro-litre scale. Discussion of all these operations is beyond the 

scope of the current study. This thesis considers scaling-down the first unit 

operation in most bio-processes -  operations occurring in bioreactors, such as 

fermentation and cell growth.

1.3.3 The scale-down of fermentations

The vast majority of industrial scale fermentations are completed in stirred tank 

bioreactors which may have working volumes of hundreds of m .̂ A small scale 

fermentation system must be designed and operated in such a way to ensure that 

the results are useful and that the process can be scaled up to the industrial scale. 

The standard small scale systems for fermentation are: shake flasks and small 

stirred bioreactors ( 1 - 1 0  L). Microwell plates are also used for screening 

purposes.
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A great deal of early research and process development work requires extended 

parallel experiments. It might include screening of wild type strains for specific 

activity; conventional strain development using mutation and selection; strain 

development with recombinant techniques; elucidation of metabolic pathways; 

media development; establishment of analytical protocols; investigation of basic 

process conditions like strain stability, inoculation ratio, optimal pH and 

temperature, total culturing time and the evaluation of kinetic data. To be capable 

of coping with such large numbers of experiments, the technique adopted must be:

repeatable and comparable; 

economic in man power;

Fast -  i.e. requiring the minimum down time so that more experiments can 

be completed

small -  in terms of both floor space and volume of substrates required; 

be able to provide optimum conditions for microbe; 

to supply maximum information on growth and conditions; 

easily scaled up to pilot/production system.

In order to achieve a system that can easily be scaled-up (final bullet point above) 

several factors must be considered. Humphrey (1998) suggests that all of the 

following factors change on scale up of a fermentation and must be considered on 

scaling up:

• oxygen transfer rates;

• heat transfer;

• surface-to-volume ratio;

• quality of mixing; shear, i.e. agitator and impeller tip speed;
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• superficial air velocity, i.e. flooding tendency;

• time of inoculum transfer;

• time to set the fermentation;

• age and stability of culture, i.e. number of generations;

• selection of cheaper media resulting in expression of hidden auxotrophy.

The optimum small-scale system for research and process development is one 

where the above factors are easy to take into account.

1.3.4 Different scaling strategies

Many scaling criteria have been suggested for bioreactors and other fluid mixing 

systems (Uhl and Von Essen, 1987), including:

■ Equal mixing time;

■ Equal mass transfer;

■ Equal liquid motion (i.e. tip speed)

■ Equal power per unit volume or mass

There is not one standard method for scaling -  generally a combination of these 
parameters is used. However, it is never possible to keep all the above 

parameters equal between scales and therefore one has to decide which criterion 
is the key. Many past research studies have suggested scale-up on the basis of 

equal power input per unit volume is a good criterion (Hyman, 1962). It tends to 

overestimate the size of the power and is therefore considered a safe approach. In 

the present thesis the concept of energy input per unit volume was found to be 

applicable and will be discussed in detail later.
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1.4 Current and Future Fermentation techniques

The following section describes some of the standard techniques for fermentation. 

The general system set-up is discussed as well as some of the engineering 

information known about the system. This is not a complete list of different 

fermentation systems, only a discussion of the systems that are thought to be 

relevant to this project.

1.4.1 Stirred Tank Bioreactors

Stirred bioreactors have been used to produce biopharmaceuticals for many years; 
they were first used for penicillin production as early as 1946 (Calam, 1987). The 

design has been developed significantly since then and they are now used for the 

growth of many different types of cells. They vary from simple 250ml spinner flasks 

(Kallel et al, 2002) for cell culture to very large vessels for production.

The basic design of the vessel depends largely on the cells being grown. Bacterial 

fermenters tend to have a heightidiameter ratio of 3:1 with three rushton turbines 

and baffles whereas bioreactors for cell culture have a smaller height to diameter 

ratio of about 1.5:1 and have marine impellers and no baffles. They have air 

sparged through them to allow extra oxygen transfer. The design will also depend 

largely on the reason for the fermentations -  process studies are often completed 

in glass vessels between 1 and 10 L whereas pilot and industrial scale vessels are 

stainless steel and much larger than this. They can be run is three different 

cultivation modes: Batch, fed-batch and continuous. These are summarised below, 

then the advantages and disadvantages of each method are shown in table 1.1

Batch: Cells are inoculated, grown up to the desired cell or product

concentration and then harvested. After every run the bioreactor 

must be cleaned and autoclaved for the next run.
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Fed-Batch; Similar to batch mode except the cells are fed either continuously 

or intermittently.

Continuous: Cells are inoculated and grown to a certain cell density as in batch 

culture. Subsequently used media is continuously withdrawn from 

the vessel and replaced with fresh media. In the case of perfusion 

cultures (mammalian cell systems), cells are not removed from the 

vessel as they are removed from the spent media using a filtration 

device such as a rotating filter cage.

Table 1.1: Advantage and disadvantages of different process types (Kretzmer, 2002).

Process type Advantages Disadvantages

Small unit (small 

flasks, roller bottle, 

spinnerflasks)

Batch reactor, 

Fed-batch reactor

Continuous

Easy to handle, direct transfer from 

laboratory to production, no scale-up 

procedure needed

Homogenous, easy to scale-up, 

partially controllable, depleted 

nutrients replaceable, plant is flexible 

for various products

High cell density, controllable, 

adjustment of culture conditions, no 

gradients, real steady state possible, 

small-scale core reactor

Time-consuming because of multiple 

units, no monitoring of the process 

possible, inhomogeneous

Gradients during run, accumulation of 

toxic metabolites decrease of viability 

during run

Long and complicated validation 

procedure, less flexibility, plant is 

designed for special product.

More susceptible to contamination and 

strain degradation.
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To understand and control a fermentation, physical, chemical and biological 

variables are usually monitored. Parameters that are usually monitored include: 

temperature, pressure, pH, exit gas composition, dissolved oxygen tension, flow 

rates, stirrer speed, power consumption and foam level.

As stirred bioreactors have been around for so long they have now evolved into 

very high-tech pieces of equipment with extensive monitoring and methods for 

automated cleaning and sterilization. A large amount of work has been completed 

to understand this environment, in terms of mass transfer (Bailey and Ollis, 1986); 

mixing (Edwards, 1985); shear (Kunas and Papoutsakis, 1990) and much more. 

Despite this effort, large stirred tanks are by no means perfect bioreactors as they 

are usually not completely homogenous. However, they can hold very large 

volumes and are reasonably energy efficient (Middleton, 1985) both of which are 

important for a slow reaction in a dilute environment. More detail of the mixing and 

mass transfer in stirred bioreactors can be found in section 1.5, and the design of a 

miniature stirred bioreactor is discussed in section 2.1.

When designing a system to be used for process studies it is important to 

remember that the final process will be completed in a stirred bioreactor. A scale- 

down system should mimic this environment as closely as possible.

1.4.2 Shake flasks

A shake flask is a conical flask (with or without baffles) that is shaken by the 

oscillatory motion of a horizontal platform to induce bulk mixing.

They have been used extensively for over five decades, most frequently for the 

culture of bacteria, yeast and fungi (Kato ef a/, 1996; Büchs, 2001; Rhodes and 

Gaden, 1957) but they can also be used for animal and plant cell cultures (Liu, 

2001; Rodriguez-Monroy, 1999). The reason for the popularity of shake flasks is
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summed up by Büchs (2001): “Shaking bioreactors are well established and have 

proven to be a very valuable and useful tool for initial culture experiments, 

screening purposes and bioprocess development. They have to be regarded as the 

simplest and cheapest bioreactor technology imaginable. Many reactors can be 

used in parallel which makes them extremely feasible for mass screening”. Some 

researchers generally question the suitability of shaking bioreactor experiments. 

(Kennedy, 1994) differentiated between what they called the “anti-shake flask 

school” and the “pro-shake flask school”.

Disadvantages of shake flasks: One of the better descriptions of the disadvantages 

of the shake flask culture is given by (Solomons, 1969) who summarises “the 

limitations of the system are considerable”. Reasons quoted for the unsuitability of 

the shake flask tend to be that the pH is not controlled in shake flasks (Nakahara, 

1992), that the oxygen transfer capabilities of the shake flask is poor (Henzler, 

1991), that considerable evaporation takes place during shake flask culture, and 

that shake flask cultures lack adequate mixing (Tunac, 1989). Archambault (1996) 

adds: “shake flask cultures are primitive systems in terms of gas transfer, mixing 

efficiency and continuous monitoring”.

Advantages of shake flasks: “Although shake-flask fermentations are relatively 

crude and physically unrelated to stirred vessels, they have proven to be quite 

valuable” (Finkelstein 1992); (Kennedy 1994): “there is no other way to do medium 

optimisation apart from shake flasks, simply because the number of experiments to 

be conducted is very large. The effects of different medium components is relative, 

and therefore the best medium in shake flask culture will also be the best medium 

in a stirred tank”. This last comment must be considered with strong doubt, for 

example: McDaniel et a! (1965) “unless aeration conditions are used which satisfy 

the requirement for the process studied, experiments may be carried out under 

conditions of oxygen limitation, and the true effect of the variables under study may 

be difficult to evaluate”. Clark (1995) emphasised the significance of oxygen 

limitation on screening for secondary metabolites saying that: “industrial screening 

programmes for novel microbial metabolites are often designed so that each
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isolate under test is grown in a variety of media designed to provide different 

growth-limiting nutrients. The required range of growth-rate-limiting nutrients may 

not be possible if the design of the culture vessel results in oxygen limitation, and 

this may reduce potential product diversity in screens."

Characterisation and insight into the performance limits in terms of mass transfer 

has been studied by (Henzler, 1991; Veglio, 1998; Anderlei, 2001; Mrotzek 2001; 

Maier 2001) and the hydrodynamics found within a shake flask has been studied 

(Kato, 1996). Considering the importance of shaking bioreactors -  90% of all 

culture experiments in biotechnology are performed in shaking bioreactors, but 

very little is known about the conditions (Büchs ,2001). McDaniel and Bailey 

concluded in 1969 “most shakers appear to be run at standard speeds, often with 
no indication that the conditions used are optimal”. Unfortunately, this statement 

may still be true today.

Several groups have made alterations to shake flasks. In order to achieve 

microbial fed-batch process development. Dale et al (1953), applied an “increment- 

fed shaker system". Aerated shake flasks were designed to overcome the diffusion 

resistance in the plug and to enhance gas exchange capacity (Tanaka, 1991; 

Donovan, 1995). While “instrumented” shake flasks are now available (Anderlei 

and Büchs, 2001; Weuster-Botz et al, 2001), monitoring of cell growth and product 

yields are difficult to achieve and the conditions of nutrient and oxygen transfer are 

poorly defined. Currently, such process information is obtained through 

experiments using laboratory scale fermenters, typically 2 to 10 litres in volume, 

and geometrically similar pilot-scale fermenters. Manpower, time, facility space and 

costs requirements are high for this approach.

It is very likely that shake flasks will be used for many more years and that further 

study of the process would be beneficial, however this subject is beyond the scope 

of this thesis.
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1.4.3 Microwell plates and microwell scale bioreactors

A microwell plate or microtiter plate (MTP) is a disposable plastic plate with a set 

number of “wells” (often 96 or 24) each of which can be used to contain a separate 

reaction.

Microwell miniaturisation technology has now emerged as a proven analytical tool 

for high-throughput screening that can keep pace with the rapidly rising rate of new 

material discoveries. The established 96-well plate has a working volume of 

approximately 0.1 ml and researchers are already able to work on many assays 

with as little 1 pi aqueous samples under laboratory conditions (Burbaum, 1998). 

With the introduction of the 1536 well plate and the prospect of even higher density 

well plates on the horizon (Entzeroth, 1998) the area is likely to open up in the 

direction of further miniaturisation.

Microwell plates are usually used in conjunction with complex liquid handling 
systems, shaking machines and automated plate readers. These systems 

combined allow the user to do many more assays in less time. These screening 

systems allow assays that require rapid spectrophotometiic determination of 

chromophores (Cribb, 1989; Jourdan, 1984), turbidity (Liu, 1988) and fluorometric 

(Vitzthum, 1999) measurements.

The potential of using shaken microwell systems for micro-bioprocessing is now 

being investigated (Duetz and Witholt, 2001 ; Doig et al, 2002; Weiss et al, 2002; 

Duetz et al, 2000) reported growth of various bacterial strains with little evaporation 

or cross-contamination and mass transfer coefficients of up to 188 h f \  similar to 

that found in standard stirred tank reactors. Minas (2000) achieved similar 

quantities of secondary metabolites produced by streptomycetes in square deep- 

well microtitre plates and shake flasks. Girard (2001) cultured CHO cells in a 12- 

well microtitre plate using a spectrophotometric plate reader to measure cell growth 

and pH non-invasively. Kostov et al (2001) have recently presented the design of a 

microreactor with a working volume of 2 mL and reported basic data on the
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responses of pH, dissolved oxygen and optical density probes using E.coH 

fermentation as a test bed. Initial results demonstrated that fermentation at the 

microwell-scale was feasible, however, achieving adequate oxygen transfer rate in 

the microreactor proved difficult and comparison of kua with data from a 1L 

conventional fermenter showed the difficulties in using magnetic-bar stirrer in the 

microreactor.

Two groups have looked into the mixing and mass transfer properties of shaken 

microwell plates. Hermann et al (2003) have investigated the mass transfer of 

shaken 96-well microtitre plates using an optical sulphite oxidation method. The 

effects of shaking amplitude, shaking frequency, fill volume and well geometry 

were studied. A maximum oxygen transfer rate (OTRmax) of 0.15 mol/L/h was 

obtained in a square well filled with 200 pL, shaken with an amplitude of 25 mm at 

700 rpm. Weiss et a! (2002) have investigated mixing times in a standard 96-well 

plate estimated mixing times varied between a few seconds and several minutes.

Elmahdi et a! (2003) successfully implemented pH control in microwell 
fermentations of Saccharopolyspora erythraea to give a significant increase in 

erythromycin yield.

Lamping et a! (2003) designed a miniature bioreactor with the diameter equal to 

that of a single well of a 24-well plate. Agitation in the bioreactor was powered 

using a set of three mechanically driven impellers and aeration was achieved using 

a single tube sparger. Continuous monitoring of dissolved oxygen tension and 

biomass level was provided using fiber optic probes. CFD simulations of the 

bioreactor provided extensive insight into the fluid dynamics of the system and 

comparative data are provided from parallel experiments carried out in a 20 L 

conventional bioreactor. Predicted and measured volumetric mass transfer 

coefficients in the miniature bioreactor are in the range 100 -  400 h '\ typical of 

those reported for large scale fermentation.
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Lye et al (2003) have summarised the issues in automated processing techniques 

with reference to biocatalysis processes. Automated systems are now being used 

for the process development of chemical systems. Harre et a! (1999), reviewed the 

different systems that have been used for the three stages of process screening, 

process optimisation and process characterisation and validation. Each of the 

stages tends to use different automation systems due to the different volumes and 

analytical capabilities required. Pollard (2001) goes into detail of how this work can 

be completed with standard lab equipment.

Microwell scale equipment and automation technology are now very important to 

the pharmaceutical industries. The natural progression would be to use this 

technology to gain more information on the processing of pharmaceuticals.

1.4.4 Further scale-down using microfabrication technology

Microfluidics is the miniaturization of biological techniques to such a degree that 
multiple “experiments” can be accomplished on a “chip” small enough to fit in the 

palm of a hand. Tiny quantities of solvent, sample and reagents are steered 

through narrow channels on the chip, where they are mixed and analysed by 

techniques such as electrophoresis, fluorescence detection, immunoassay, or 

indeed almost any classical laboratory method. The three main advantages 

(Mitchell, 2001) of these techniques are:

■ Tiny sample size -  only 10 -  1000 nL that results in fast mixing, and in many 

cases greater accuracy.

■ Automation - Routine assays and sample preparation can be completed on 

standardized chips with little human intervention thus reducing errors.

■ Integration - In principle, lab chips can be designed with multiple “on-board” 

functions -  for example, purification, labelling, reaction, separation and
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detection -  with the sample being automatically guided from one place to 

another on the chip until the entire operation is complete.

There are a several companies producing chips including the market leader 

Caliper, which produces chips to do routine procedures such as DNA, RNA and 

protein separations. Mitchell (2001) discuses the different companies and 

applications in detail.

The use of microflu id ic devices could effect process development a great deal. As 

assay volumes and therefore sample sizes become smaller, the scale-down 

system models can also become smaller -  allowing further miniaturisation of 

process mimics.

Microfluidics has been integrated with cell culture to produce advances in cell- 
based systems for use in diagnostics, sensors, and as prosthetics. For use in 

biosensors, the cells adhere to the chip surface using micropatterning technology 

(Park and Shuler, 2003). They can then be exposed to different environments and 

act as non-specific biosensors for the detection of drugs, pathogens, toxicants and 

odorants. There is also work on a predictive tool for dose response in whole 

animals and humans exposed to single compounds or mixtures of compounds 
(Shuler, 1996).

The extension of this strategy to mimic large-scale fermentations, is not thought to 

be possible as industrial fermentation involves processing of large quantities of 

particulates in a suspension of complex broth rheology. The difficulty of mimicking 

the unhomogeneity and long residence time of industrial scale fermentations make 

microfluidics very unsuitable for any kind of process screening.
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1.4.5 Where next for miniaturisation?

Recent advances in automated high throughput screening and developments in the 

miniaturisation of process operations have suggested that it may be possible to 

predict the performance of a large-scale operation from tens of millilitres of process 

material. The aim of the investigation in this thesis is to design a novel miniature 

(bio)reactor and to explore its performance in a series of experiments using a 

model system (air-water) and fermentations. Preliminary fermentation experiments 

have been conducted with a commercial micro-well system (Bioscreen) with a 

basic 100 well system with the capacity to measure optical density during 

operation. This system is designed for simple microbiological screening and the 

manufacturer accepts that it has severe limitations in terms of being a true 

fermenter mimic. Nevertheless it has been invaluable in defining the challenges. 

Several major process-engineering questions remain to be resolved. For example, 

power input and oxygen transfer rates are two key engineering parameters that 

have not yet been defined for miniature systems such as microwell plates.

The miniature bioreactor described in the present thesis was designed to be 

geometrically close to a laboratory bioreactor but to have the dimensions of a 

typical deep well microwell plate. The design brief was to provide agitation using 

mechanical stirring similar to a laboratory bioreactor. These considerations 

necessitated a detailed study of mixing; power input and mass transfer operations 

in mechanically agitated bioreactors. In what follows a brief review is presented on 

these aspects of mixing to provide the background to the design and operation of 

the miniature bioreactor.
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1.5 Mixing

In order to mimic the conditions in a large-scale fermentation, the environment at 

each scale must be well understood. The next few sections of this chapter describe 

the mixing and mass transfer occurring in several systems.

1.5.1 General considerations in liquid mixing

Quillen (1954) defines mixing as the “intermingling of two or more dissimilar 

portions of a material, resulting in the attainment of a desired level of uniformity, 

either physical or chemical, in the final product.” Gases, confined in a container, 

mix rapidly by natural molecular diffusion. In liquids, however, natural diffusion is 

usually a slow process. To hasten molecular diffusion within liquids, mechanical 

energy is utilised -  usually from a rotating agitator.

In a fermentation system, mixing is one of the most important operations in 

bioprocessing as it involves (Doran, 1995):

■ Blending soluble components of the medium such as sugars

■ Dispersing gases such as air through the liquid

■ Maintaining suspension of solid particles such as cells;

■ Where necessary, dispersing immiscible liquids to form an emulsion or 

suspension of fine drops

■ Promoting heat transfer to and from the liquid.

1.5.2 Mixing in stirred tank bioreactors

1.5.2.1 Standard tank configurations

In 1962 Holland published the “Standard Tank Configuration” which provides 

adequate mixing for most processing requirements found in industry. Figure 1.2
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shows a standard configuration stirred tank. It has the following geometrical 

relationships:

■ The agitator is a 6 blade turbine impeller;

■ Impeller diamete.r Dj=1/3 tank diameter, Dj-

■ Impeller height from the tank bottom is equal to 1.0 x impeller diameter;

■ Impeller blade width is equal to 1/5 of the impeller diameter;

■ Impeller blade length is % impeller diameter;

■ Length of impeller blade mounted on the central disk is 1/8 impeller 

diameter;

■ Liquid height H l=  1.0 tank diameter;

■ Baffle number = 4, vertically mounted at the tank wall and extending from 

the tank bottom to above the liquid surface;

■ Baffle width is 1/10 tank diameter.

These guides are often followed for the design of stirred bioreactors, with a

minimum of changes. The liquid height in aerated fermenters tends to be far

higher than the standard configuration suggests, to allow greater gas-liquid contact 

time for sparged air. The configuration also changes if the liquid is of a shear 

sensitive nature -  for example: fungal and mammalian cell suspensions -  in this 

case a radial impeller tends to be used.

The standard tank described above (and shown in Figure 1.2) has a Rushton 

turbine impeller. Rushton turbines give a radial flow pattem -  see Figure 1.3, and 

are good for high shear applications where good gas distribution is required. Other 

impellers that are widely used in fermentation are propellers and pitch-blade 

turbines. These both produce axial flow pattems (see Figure 1.4) and tend to be 

used when high aeration, low shear is required for fermentations with high 

suspended solids contents (Doran, 1995). Other axial flow impellers that can be 

used are the Lightning A315 and the Prochem Maxflow which improve mixing 

without compromising oxygen transfer and mixing power (Humphrey, 1998).
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As illustrated in Figures 1.3 and 1.4, large liquid-circulation loops develop in stirred 

vessels. For mixing to be effective, fluid circulated by the impeller must sweep the 
entire vessel in a reasonable time. In addition, the velocity of fluid leaving the 

impeller must be sufficient to carry material into the most remote parts of the tank. 
Turbulence must also be developed in the fluid; mixing is certain to be poor unless 
flow in the tank is turbulent. All these factors are important in mixing, which can be 

described as a combination of three physical processes: distribution; dispersion 
and diffusion (Doran, 1995).

Stirrer shaft

Baffle:
Used to eliminate 
vortexing and swirl

Impeller:
6 bladed flat 
blade turbine

D,

Figure 1.2; The standard configuration of a stirred tank. (Not to scale). Copied from 
Holland and Chapman, 1966.
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Figure 1.3: Radial flow pattern in a standard stirred tank, a and b are taken from Rushton et
al, 1950. G is a picture of a rushton turbine which was taken from 
http://www.haywardgordon.com/mixers/impellertech.htm
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Figure 1.4: Axial flow pattern in a standard stirred tank, a and b are taken from Rushton et
al, 1950. c is a picture of a rushton turbine which was taken from 
http://www.haywardgordon.com/mixers/impellertech.htm
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1.5.2.2 The role of shear in stirred fermenters

As well as creating a homogenous environment in the bioreactor, the mixing 

system must provide the shear conditions required to disperse bubbles, droplets 

and cell floes. Dispersion of gas bubbles involves two forces: shear forces in 

turbulent eddies stretch and distort the bubbles and break them into smaller sizes; 

and surface tension at the gas-liquid interface tends to restore the bubbles to their 

spherical shape.

Improved oxygen transfer due to bubble break-up is obviously desirable in a 

fermenter; however, the damage of cells is obviously undesirable. Some cells -  

especially insect, mammalian and plant cells, are known to be shear-sensitive. Cell 
disruption; retardation of growth and product synthesis, dénaturation of extra

cellular proteins, change in morphology and thickening of the cell wall are all 

possible outcomes of excessive shear acting on cells.

For agitated bioreactors, Kunas and Papoutsakis (1990) have shown that when 

freely suspended cells are cultured in an agitated bioreactor, two fluid-mechanical 

mechanisms can cause cell damage and growth retardation:

■ The first of these occur only when there is a gas phase, and it is due to 

bubble break-up, either because of direct sparging or because of gas 

entrainment.

■ The second mechanism causes cell damage in the absence of a gas phase 

(and therefore, the absence of bubbles) only at very high agitation rates -  

above for example, -700 rpm in the 2 L bioreactor with a 7 cm diameter four- 

pitched-blade impeller -  stresses in the bulk turbulent liquid. With this second 

mechanism, cell damage correlates with Kolmogorov eddy sizes similar to, or 

smaller than the eddy size (9-15 pm).

Additives have been successfully used for cell protection. All additives that protect 

freely-suspended cells from fluid mechanical injury must either decrease the 

fragility of the cells or affect the forces on the cells due to their interactions with 

gas-liquid interfaces. Serum permits better cell growth in agitated and/or aerated
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cultures in a dosage dependant fashion (Papoutsakis, 1991). There are also 

chemical additives such as Pluronic F68 and F88, polyethylene glycol (Michaels & 

Papoutsakis, 1991) and derivitised celluloses which have been used with varying 

degrees of success.

1.5.2.3 Assessing mixing effectiveness

Mixing time is a useful parameter for assessing mixing efficiency and is applied to 

characterise bulk flow in fermenters. The mixing time, tm, is the time required to 

achieve a given degree of homogeneity starting from the completely segregated 

state. It can be measured by injecting a tracer into the vessel and following its 

concentration at a fixed point in the tank. Definition of the mixing time tm depends 

on the degree of homogeneity required. Usually, mixing time is defined as the time 

after which the concentration of tracer differs from the final concentration by less 
than 10%.

The circulation time, tc, of a stirred tank can also be measured using the 
experiment described above. This is the time required for tracer to follow a 

complete circulation loop. For a single phase liquid in a stirred tank with several 

baffles and a small impeller, there is an approximate relationship between mixing 

time and circulation time (Nagata, 1975):

tm — 4tc (1 .1)

Industrial scale stirred vessels with working volumes of between 1 and 100 m  ̂

have mixing times between about 30 and 120 s, depending on conditions.

Empirical data on mixing is available in literature (Hoogendoorn and den Hartog, 

1967) for several different configurations. These relate the dimensionless product 

Nitm to the impeller Reynolds number Re, where A/, is the rotational speed of the 

stirrer and Re; is the impeller Reynolds number:

(1.2)

where D| is the impeller diameter, p is fluid density and p is fluid viscosity.
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1.5.2.4 Power requirements in a stirred tank bioreactor

If the power requirements for an impeller in a stirred vessel such as that in Figure

1.2 is considered it will depend upon the independent variables as follows 

(Edwards, 1985):

P = fn (p, p, Ni, g, Dt, Di, H, q, other dimensions) (1.3a)

where P is the impeller power requirement, p is the density and p is the viscosity of 
a Newtonian fluid. Ni is the impeller speed and Dj, D|, H and q dimensions of the 

vessel. The electrical power required to drive the motor will exceed P by the 

motor, gearbox and bearing losses.

As the fluid flow in the vessel is extremely complex it is not possible to analyse fluid 

dynamics of the flow in the vessel. However, dimensional analysis can be used to 

reduce the number of variables in the problem -  equation 1.3a reduces to:

where P / pNĵ D® is the Power number Np;

p Ni^Dj^/ p is the Reynolds number. Re; and 

Ni^Dj/g is the Froude number, Fr.

The Froude number is usually important only in situations where gross vortexing 

exists and this can be neglected if the Reynolds number is less then about 300. 

For higher Reynolds numbers the Froude number effects are eliminated by the use 

of baffles or off-centre stirring. Thus in cases where the Froude number can be 

neglected we have:

Np = fn (Re, geometrical ratios) (1.3c)

And if we consider geometrically similar systems:

Np = fn (Re) (1.3d)
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The functional relationship for a given geometry has to be found experimentally. 
Generally the data is plotted as Np vs. Re usually on log-log paper to give the 
power curve of the system. All the single-phase experimental data should fall on 

one unique curve for a given geometrical design of vessel and impeller. The power 

curve for various impeller and tank configurations can be found in literature. 
Typical power curves for various impeller designs are given in Figure 1.5.

500

cijfm s

100

50

as

Figure 1.5: Turbine power correlations for different turbines (Uhl and Gray, 1966)

From Figure 1.5 it can be seen that laminar systems where viscous forces 
dominate with low Reynolds number (< 10) have a slope of-1 indicating that

Np = Kp/Re (1.3e)

Where Kp is a constant depending only upon the system geometry.

At high Reynolds numbers ( > 10"̂ ) the flow is turbulent and mixing is rapid due to 

the motion of the turbulent eddies. In this region the power number is essentially 
constant. Gas liquid contacting operations are usually carried out in this region.
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In between the laminar region at low Reynolds number and the turbulent region at 

high Reynolds number there exists a gradual transition zone in which no simple 

mathematical relationship exists between the power number and Reynolds 

number. Power curves for many different impeller geometries can be found in the 

literature but it must be remembered that, whilst a power curve is applicable to any 

single phase Newtonian liquid with any impeller speed, the curve will only be valid 

for one system geometry, i.e. any vessel size provided the impeller, vessel, inserts, 

etc., are all geoetrically similar. If no curve is available for the vessel/impeller 

geometry of interest, experimental work must be conducted to establish the power 

curve for this geometry.

Liquids into which gas is sparged have reduced power requirements. Gas bubbles 
decrease the density of the fluid and affect the hydrodynamic behaviour of fluid 

around the impeller. Many attempts to correlate gassed power, Pg, have been 
made -  Bates, Fondy and Fenic (1966) describe both the successful and the 

unsuccessful. Several groups (Oyama and Endoh, 1955; Calderbank,1958; and 

more recently Nienow et al, 1995) use a plot of Pg/P against the dimensionless 

term, Q/NjDi^ (also called the flow number) where Q is the volumetric flow rate of 

gas. In this case, each geometry needs a different plot, the curves for several 

different impellers are shown in Figure 1.6. The shape of the curves is due to the 

changing shape of the cavities behind the turbine blades from clinging and vortex 

cavities at low flow numbers to large cavities at higher flow numbers (Smith & 

Warmoeskerken, 1985).

Michel and Miller (1962) proposed the following empirical relationship:

(1.4)
gO .56

where K is a constant. This equation is a dimensional one and cannot be reliably 

applied to large scale equipment or at extreme values of gas rate. According to 

Bates, Fondy and Fenic (1966) “It is apparent that the problem of predicting power 

consumption in gas-liquid systems has not been satisfactorily resolved. The curve
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given by Calderbank is sufficient for estimation purposes in many practical 

application.” Middleton (1985) disputes this and says: “These take no account of 
the fluid mechanics in the impeller region. Such investigations have been mainly 

based on small scale vessels using water and are found to be inapplicable for large 
vessels and for impure and rheologically-complex fluids”.
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Figure 1.6: Showing the relationship between the ratio of gassed to ungassed power with
the flow number for a different impeller types. Reproduced from Oyama and Endoh (1955)

When calculating the power for a multi-turbine bioreactor the following relationship 

can be used:

(P)n = n(P)i (1.5)

where (P)n is the power required by n impellers and (P )i is the power required by a 
single impeller. When the vessel is sparged the relationship may not be so simple. 

The gas bubbles reduce the power required for the lowest impeller. However the 

quantity of gas passing through the upper impellers is often much smaller, when 

this occurs the power drawn by each additional impeller is large compared with a 
single-impeller system (Nienow and Lilly, 1976).
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1.5.3 Mixing in shaken systems

The mixing in a shaken system is considerably different from that in a stirred tank. 

There is actually very little in the literature about the mixing in shake flasks. Kato 

et al, (1996) investigated the mixing performance of a cylinder of liquid shaken in 

an orbital manner. A minimum (critical) shaking frequency Nc was observed which 

is required to achieve complete mixing. Nc follows the following empirical 

correlation:

(1.6)

Where D is the vessel diameter, d is the shaking diameter and v is the kinematic 

viscosity of the fluid. It is noted that the shaking diameter and kinematic viscosity 

have only a minor effect on Nc.

The power consumption for this system was also measured. The power 

consumption was defined as the difference between the electric power for the open 
vessel and that for the closed vessel -  measured with a wattmeter. A correlation of 

the following form was suggested:

(1.7)
pN̂ D̂  ...........

for 0.05 < F r = —  < 0.2 and 1< < 5000.
g /W

Büchs et al (2000) also looked at the power consumption in shaken flasks on rotary 

shaking machines, using torque measurements in the drive of the shaking 

machine. As expected, power consumption increases with higher shaking 

frequency and decreases with increasing fill volume. In general, relatively high 

power consumptions were obtained -  of the same order of magnitude as found in a 
stirred tank.
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Gerson & Kole (2001) used a new device (Mixmeter) to compare the mixing times 

in shake flasks and fermenters. The mixmeter allows the measurement of 

pressure fluctuations and calculates the root mean square pressure fluctuation in a 

vessel. The mixing intensity was found to be similar in the shake flask and stirred 

tanks of the range measured.

Weis et al (2002) looked at the mixing found in microwell plates using fluorescence 

indicators -  the estimated mixing times varied between a few seconds and several 

minutes.

Although there has only been a small amount of work studying the mixing in 

microwell plates, the results are promising as they suggest that the mixing times in 

microwell plates are comparable to those found in large scale stirred bioreactors.

1.6 Mass transfer

In all aerobic fermentations it is vital that the oxygen supply is adequate to meet 

the metabolic requirements of the organism. In this section the oxygen transfer 

mechanisms are discussed, including methods that are used to measure and 

predict the mass transfer coefficient.

1.6.1 The volumetric mass transfer coefficient (kLa)

The extent of mass transfer from gas to liquid in any gas-liquid vessel depends 

upon the concentration driving force (AC), the interfacial area available for transfer 

(a) and the overall resistance to mass transfer at the gas-liquid interface (K). These 

aspects all change with the process conditions such as temperature, power input, 

flow rates etc. and on the vessel geometry.

For systems with low solubility (such as the air/water system), the resistance to 

mass transfer in the gas film is negligible, implying that the overall mass transfer 

rate constant K can be taken as the liquid mass transfer rate constant ku. The
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mass transfer is usually characterised using the volumetric liquid side mass 

transfer coefficient This coefficient is the product of the liquid side film rate 

constant Kl and the specific interfacial area in the tank. So, the oxygen transfer rate 

(OTR) follows the relationship:

OTR (1.8)

Thus, if the kua and concentration driving force are known, the oxygen transfer rate 

of a system can be calculated. The kLa of a fermentation system is a measure of 

how well that system can provide dissolved oxygen to that organism. For stirred 

tank reactors there are many studies on the measurement and prediction of the 

mass transfer coefficient.

1.6.2 Mass transfer models

There have been various models suggested for mass transfer usually splitting the 

overall mass transfer coefficient {k\_a) into its component parts ku and a.

1.6.2.1 Theoretical models for Kl

These often use Higbie's (1935) penetration theory (Ayazi Shamlou et al, 1995; 

and Kawase & Moo-Young, 1990). According to Higbie’s penetration model mass 

transfer at a gas-liquid interface is assumed to occur by a series of encounters 

between the liquid and the gas. Each encounter lasts for only a short time so that 

steady-state conditions are never established and any mass transfer that occurs is 

due to unsteady molecular diffusion. The relationship between the mass transfer 

coefficient, kL, liquid-phase diffusivity and the exposure time, t is given by:

'2
(1.9)

The exposure time or the surface renewal time, t, is determined either by referring 

to observations of mass transfer rates or theoretically in terms of local fluid 

dynamics at the gas-liquid interface (Ayazi Shamlou et a/,1995).
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Calderbank (1961) suggested that for pure turbulent liquids the following equations 

could be used:

-  0.31
ip-Pg)Mg' % p

/  J lpiJ

ip-PglMg' p
/  . .P i.

- 2 /

-V .

for de < 2.5mm

for de > 2.5mm

(1.10)

(1.11)

These equations show that, assuming de remains either greater or smaller than 2.5 

mm, Kl is independent of agitation variables.

1.6.2.2 Interfacial area, a;

The interfacial area for mass transfer is usually estimated in the following way:

a  = (1.12)

where rp is the local gas volume fraction and de is the Sauter mean bubble

diameter defined by:

where mj is the number of bubbles with diameter Dj

1.6.2.3 The addition of soiutes to media

Dissolved additives such as electrolytes, proteins, oils and antifoams can 

dramatically affect Kl and a. This is due to changing oxygen solubility, diffusivity 

and interfacial effects.

kl is usually reduced by the addition of these agents but “a” is generally increased. 

The increase in a is due to greater hold-up and smaller average bubble diameter. 

The overall effect is usually an increase in kua but each system must be assessed 

separately (Middleton, 1985).
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1.6.3 Flow patterns In a stirred tank

There are far fewer quantitative descriptions of gas-liquid hydrodynamics than 

there are for single-phase liquids. Nienow et al (1977) qualitatively described the 

development of flow patterns as the impeller speed is increased. Figure 1.7 shows 

these results. The transition from 1.7c to 1.7d is usually described as the onset of 

complete dispersion and coincides with a minimum in the gassed power number 

curve (Middleton, 1985).

ÎÎ £ncre« ii:p j

A
»I
(b) (c> (d) M

Figure 1.7: Bulk gas liquid flow patterns with increasing impller speed at constant gas flow
rate. From Middleton, 1985.

Liquid mixing in the presence of gas has been investigated by only a few workers. 

Pandit and Joshi (1983) found that mixing times can be increased or decreased by 

the addition of gas, depending on the agitation conditions being used: that is, 

whether the flow patterns are impeller or gas flow dominated.

1.6.4 Mass transfer correlations for the stirred tank

Correlations for the overall mass transfer coefficient are as inconsistent as they are 

numerous. The most common type of correlation is that relating kia to the specific 

power input to the system (PgA/) and to the superficial gas velocity (Vs) i.e..
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Ar̂ aoc (1.13)

Table 1.2 shows just a few of the different correlations in this form. Figure 1.8 

shows this data in graph format assuming a superficial gas velocity of 0.005ms"\ It 

is obvious from this graph that these correlations vary enormously. In 1979 Van't 
Riet completed a comprehensive review and concluded that the majority of data in 

literature could be summed up into 2 equations, one for pure water and one for 

ionised water. He found that the majority of data fits into these equations ±40%.

Table 1.2: Correlations for k^a in the format of equation 1.13. W here DT is an abbreviation of
disk turbine

Reference Constant a P methods geom notes

Van’t Riet 

1979

lon-free 0.026 0.4 0.5 Summary of literature

With ions 0.002 0.7 0.2

Wu 1995 Pure water 1.06 0.67 0.56 Sulfite method SFM 1 6-blade 25‘C 

DT

Vilaça et al, 

2000

Pure water 0.00676 0.94 0.65 Modified sulfite 

method

300

Nocentini et 

al.1993

Pure water 0.015 0.59 0.55 Dynamic gassing out 4 D is

Davies et al Pure Water .00257 .76 0.45 Dynamic gassing out 1 DT

1985 0.00204 0.64 0.22 Dynamic gassing out ID T

Figueriedo et 

al 1979

0.58 0.75

Smith et 

ali 977

0.69 0.23

Kralj, 1984 0.155 0.378

Sometimes the impeller speed, N, is used as a correlating variable instead of the 

specific power input, but as the gassed power input is normally considered to be 

approximately proportional to the third power of the stirrer speed, i.e..

introduction 50 S. R. Lamping, 2004



f.ocAT,- (1.14)

These correlations can usually be reduced to the form of equation 1.13.
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Figure 1.8: A graph showing the different correlations for kua found in literature

There are two main reasons that there are so many correlations (Davies, 1986):

a) the experimental conditions vary from one system to the next, small changes in 

liquid composition, etc., can cause drastic changes in the two phase 
hydrodynamics;
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b) The value obtained for the mass transfer coefficient varies according to the 

method of determination used, either because the experimental method or the 

assumptions made were inappropriate.

1.6.5 Stirred tanks with multiple impellers

In industry, reactors are usually equipped with two or more impellers. Very little 

data are found concerning the details of flow patterns, particularly quantitative 

information about velocity fields and distribution of turbulence intensities.

However, many workers have investigated the effect of different impeller types and 

configurations on mass transfer. Improved reactor performance has been
observed when incorporating mixed flow systems (e.g., with low impeller acting 

radially, and upper impeller axially) in baffled systems (Nienow & Elson, 1988 and

Cooke, Middleton & Bush, 1988). In particular, for large-scale fed batch

fermentations these configurations should offer advantages because of improved 

axial mixing.

Insight into the performance of this type of fermenter is generally found using a 
compartment approach, which subdivides the fermenter into various mixing cells 

(Mayr et al, 1994; Bader, 1987). Computational fluid dynamics (CFD) of these 

systems has also been used successfully (Schmalzriedt et al, 2003).

1.6.6 Mass transfer in shaken systems

There has been significantly less work investigating the mass transfer in shaken 

systems, there are several correlations relating the mass transfer to the shaking 

frequency. The correlations are not general across all shaken systems but seem 

to be different for shake flasks and microwell-sized systems.
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1.6.6.1 Mass transfer in shake flasks

The variables for a shake flask are: flask volume, liquid volume, number of baffles, 

the width of the neck of the flask, the type of enclosure, the shaking amplitude and 

frequency. All of these factors have been investigated with a view to ensuring that 

oxygen depletion does not occur during shaken experiments.

The most complete study was made by Veglio et al (1998). A large amount of 

experiments were completed, concluding that shaking frequency, temperature and 

neck width all had a positive effect where as liquid volume and the weight of the 

cotton closure both had negative effects. The most important variable was the 

shaking frequency. The following correlation was suggested:

K rDl, a .
D D

PDe (1.15)

where Rê  is the shaking Reynolds number and Sc = — - —  is the
P P'Dô

Schmidt number. K? is the overall mass transfer coefficient; Dgi is the diameter of 

the flask at the gas-liquid interface; D is the diameter of the shake flask bottom; N 

is the shaking frequency; De is the apparent diffusivity in the cotton closure; p is the 

viscosity of the liquid phase; p is liquid density; D02 is oxygen diffusivity in the liquid 

phase; and p, a, b, c, d, are empirical constants.

In similar experiments van Suijdam et a! (1978) came up with the following 

(simpler) correlation

kca -  N' " (1.16)

Where N is the shaking frequency. Both of the above studies were carried out 

using orbital shaking with a constant diameter of 32 mm. Work discussed below 

suggests that the diameter of the shaking orbit is an important variable for mass 

transfer in shaking vessels.
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The gas exchange through the sterile plug (usually made of cotton) is described in 

the model of Henzler and Schedel (1991). Mrotzek et al (2001) extended this 

model and examined the use of different plug materials and geometries. They 

found that the resistance to mass transfer is mainly dependent on the neck 

geometry and to a lesser extent on the plug material and density.

Maier and Buchs (2001) modelled the distribution of the liquid within the flask by 

the intersection of the liquid and the inner wall of the shaking flask. This allows 

calculation of the specific exchange area (a) and the liquid side mass transfer 

coefficient ki and the maximum transfer capacity (OTRmax). They suggested the 
following proportionality:

O T R ^  oc .^^ -0 .8 4 ^0 .2 7 ^-1 .2 5  (1.17)

where N is the shaking frequency, Vl is the liquid volume; d is the shaking diameter 
and D is the maximum shake flask diameter. The surface properties of the shake 
flask were found to be very important.

All of these studies suggest that the shaking frequency, liquid volume and shake 

flask diameter are the most important variable when designing a shake flask 

system for mass transfer.

1.6.6.2 Mass transfer in microwell plates

Duetz & Witholt (2001) examined the hydrodynamic behaviour of a square 

microtitre plate well, with a liquid volume of 0.75 ml under various shaking 

conditions, using photographic analysis. This shows that the oxygen transfer rates 

at a shaking diameter of 5 cm are far better than at 2.5 cm due to a larger surface 

area and a better degree of vertical mixing.
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Duetz et al (2000) optimised the maximum oxygen transfer conditions in a square 

deepwell microtitre plate. Reaching an oxygen transfer rate of 0.04 mol/L/h similar 

to those found in shake flasks.

Hermann at a! (2002) characterised gas-liquid transfer in 96-well Microtitre plates. 

Using a sulphite oxidation method he found the kuas for microwells with different 

values for shaking frequency, fill volume, shape of well; shaking diameter, and 

surface properties of the well. Unlike in a shake flask, surface tension was shown 

to be the most important parameter affecting hydrodynamic flow and gas-liquid 

transfer in a microwell. At low shaking frequencies the maximum oxygen transfer 

rate (OTRmax) remains at a constant value. To increase the OTRmax a critical 

shaking frequency and, therefore, a critical centrifugal force must be provided to 

exceed the surface tension of the medium. The critical shaking frequency needed 

to obtain an increase of the oxygen transfer capacity can be calculated based on a 

force balance:

where Dw is the microwell diameter, a is the surface tension and d is the shaking 

diameter.

Table 1.3 shows a comparison of the mass transfer that can be achieved in 

different systems that are frequently used for fermentations. Stirred tanks produce 

the highest oxygen transfer - with kuas of O.ls'^ easily achievable.
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Table 1.3: A comparison of the mass transfer coefficient achieved in different systems.

Device Volume kua
s-'

Reference Notes

Baffled agitated tank 0.002-100 m^ 0.02-0.2 Middleton, 1985 These are order of 
magnitude for 
comparison only.

Bubble Column 0.002-300 m® 0.005-
0.01

Middleton, 1985

Agitated tank

1 Rushton turbine
2 pitched turbine 
lOOrpm, 0.25 w m

54 m® 0.15 Schmalzried, 2003 From CFD 
simulation

Microwell Plates

96 square, deep wells 
25mm shaking diameter 
SOOrpm

Standard 96 well plates 
25mm shaking diameter 
500rpm

200 pi 

200 pi

0.22

0.029

Hermann, 2003 Using Sulphite 
oxidation method

Shake Flasks

500ml flasks, no baffles 
25mm shaking diameter 
200rpm

100 ml 0.01 -  
0.02

Maier, 2001
Calculated using a 
range of
correlations from 
literature

Miniature bioreactor

Impeller speed: 
1000-6000rpm  
Airflow -  Iw m

6 ml 0.02-0.2 Lamping et al., 
2003
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1.6.7 Methods of determining kua

There are three different techniques used to evaluate kLa: chemical, steady state, 

and unsteady state methods.

1. Chemical method

These methods, in which absorbed gas reacts with chemicals added to the liquid 

phase, have been widely used in the characterisation of multiphase reactors. By far 

the most widely used chemical method for determining kia utilises the reaction of 

sodium sulphite with oxygen in the aqueous phase. This technique has been 

reviewed by Linek & Vacek (1981). Other reaction schemes have also been used, 

for example, the absorption of carbon dioxide in aqueous solutions of alkalis and 

alkanolamines (Jhaveri & Sharma, 1969).

To use these methods satisfactorily the chemical reaction scheme needs to be 

known in detail. Gas-liquid reaction schemes in general have been covered in the 

fundamental text of Danckwerts (1970). Unfortunately it is obvious from data 

presented in the literature that there are major uncertainties over the kinetics of the 

sulphite-oxygen reaction when applied to a gas-liquid stirred tank. Another 

drawback with this technique is the high concentration of salts which inevitably 

occurs, thus always causing non-coalescing systems to be formed.

2a. Steady state method

This method involves maintaining the concentration of the absorbed component in 

the liquid phase at a constant level by continually removing liquid from the tank and 

returning deoxygenated water: hence the concentration in the tank is determined 

by the rate at which the liquid is refreshed. The overall mass transfer coefficient 

can then be obtained from simple mass balances. Using this method for sparingly 

soluble gases the effect of different gas mixing models is small. Unfortunately,
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although this is an elegant technique at small scales, when the size of the 

equipment is increased the required liquid flow rates become prohibitively large 

and when the method is used at microwell scale it is difficult to get accurate 

pumping rates.

2b. Quasi-steady state method

The essential pre-requisite of this method is an oxygen sink, an assumption that is 

fulfilled during aerobic growth. The oxygen uptake is predicted with the aid of gas 

phase balance measurements in the exhaust gas. The concentration of the oxygen 
in the bulk liquid is calculated from partial pressure as according to Henry’s law. An 

additional assumption must be made for the driving force (AC) depending upon the 

mixing conditions -  the two common assumptions perfectly mixed and plug flow 

behaviour where a logarithmic driving force is applied. Off gas measurement is 

difficult at very low flowrates (< 50 ml/min) so this method is not used at microwell 

scales.

3. Unsteady state (dynamic) method

Due to the problems outlined above the unsteady state or dynamic method has 

become a standard technique for mass transfer experiments. The only apparatus 

required for these experiments is an oxygen electrode, this method is relatively low 

cost and thus, often the popular method of choice. However, although in general 

the experimental procedures used are all basically the same, the treatment of the 

results differs and values of kua can widely vary depending on the type of analysis 

formed.

This method involves recording the concentration-time history of the liquid phase 

after a disturbance has been made to the inlet gas concentration. The basic 

technique is fairly simple. The experiment is performed in a semi-batch vessel and
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initially the liquid is de-oxygenated by passing nitrogen through the tank under 

identical conditions to those of interest. At the start of the experiment the gas 

supply is switched from nitrogen to air and the subsequent uptake of oxygen in the 

liquid phase is monitored until saturation occurs.

A mass balance on the key component (oxygen) over the liquid phase (assuming 

perfect liquid mixing and no oxygen sink) yields,

(1.19)
at

Where H is the Henry’s Law constant and Cl= HCg=0 at t=0.

It is in the estimation of the gas phase concentration, Cq. that the alternative 
methods of analysis differ. Early workers (Bandyopadhay et a/., 1967) assumed 

that the oxygen concentration at the outlet was equal to that at the inlet, that is, 
there was no depletion in the gas phase, kua can then be obtained directly from a 

semi-logarithmic plot of the liquid concentration against time. This method 

consistently over-estimates the overall mean driving force and hence 

underestimates the value of kua.

Dunn and Einsele (1975) demonstrated that errors involved with this analysis could 

be significant and proposed that a well-mixed gas phase model would be more 

appropriate. They also showed that ignoring the measurement lag due to the 

dissolved oxygen probe particularly if the response time of the probe is of the same 

order as 1/ kua, could introduce large errors.

A number of complex models have been proposed to account for the probe 

response time by Linek et al. (1983) and Lee & Tsao (1979). Van’t Riet (1979) has 

indicated that if the response time for the probe is small (xp =1 -  3s) then the max 

error in kia determination is of the order of 3% for values up to 0.1s but this is 

based on the ‘no depletion’ assumption. It has been demonstrated (Chapman,
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1981) that the characteristics of fast response probes can be approximated to first 

order processes which allows relatively simple deconvolution procedures to be 

used.

The work done by Dunn & Einsele (1975) was in agreement with work by Mehta & 

Sharma (1971), but this work was performed on small scale laboratory equipment 

and at larger scales a plug flow model was found to give more consistent results 

(Shioya & Dunn, 1979). The extension of these two models, the tanks-in-series 

model (Chandresekharan & Calderbank, 1981) and axial dispersion model (Shoiya 

& Dunn, 1979) have also been used.

1.6.8 Method for determining power

The power supplied to the agitator for dispersion in a stirred tank is usually 

calculated using the impeller speed (N) and shaft torque (T) (Davies, 1986 and 
Vilaça, 2000) as these parameters are usually related to the power consumption by 
Equation 1.20.

P = 2nNT (1.20)

The torque produced in the impeller shaft is measured using strain gauges.

In the case of shaking machines, for shake flasks or microwell plates, the power 

consumption in the shaking vessel can be found in a similar way (Büchs, 2000). 

The torque of the drive motor is measured first with the shaking machine loaded 

with shake flasks with liquid in and secondly with shake flasks that contain 

solidified agar of the same weight as the liquid. Kato (1996) used a slightly 

different method -  measuring the difference between the electrical power input for 

an open vessel containing liquid and a closed vessel where the liquid contained 

was restricted with a lid. Power input to the liquid is usually a small fraction of the 

power input to the electrical motor -  so the inaccuracy of both of these methods 

tends to be high.
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1.7 CFD as a tool for design and process development

CFD is becoming an increasingly useful tool in the analysis of fluid flow in 

mechanically stirred tanks. However, most simulations reported in literature deal 

with just single-phase liquid flow. It is now generally accepted that Reynolds- 

averaging Navier-Stokes equations and modelling the Reynolds-stresses with an 

appropriate turbulence model is a promising method of flow behaviour modelling 

(Jenne & Reuss, 1999).

Ongoing development of commercial computational fluid dynamics software (CFD) 

and increasing computer power are continuously improving the conditions for the 

simulation of the three-dimensional and turbulent flow structure in stirred tanks. 

Jenne & Reuss (1999) completed a critical analysis of different modelling 

approaches for the single-phase flow with a Rushton turbine impeller. The most 

important discrepancies between the different simulations concern:

■ the dimensionality of the simulations (3-D or axisymetric);

■ the turbulence modelling;

■ the modelling approach of the Rushton turbine;

■ the accuracy of the numerical predictions (depends on grid size).

Stirred tanks with a second phase are very common in the process industries. 

They are modelled using a Eulerian approach - both phases are considered a 

continuum resulting in the so-called two-fluid model.

If only gravitation, pressure and drag forces are taken account in the momentum 

equation for the gas phase, the relative velocities of the gas phase are calculated 

from algebraic equations. This is the so-called algebraic slip model -  the 

disadvantage of this simple approach is that additional interface forces are 

neglected, even so, reasonable results have been obtained - this is discussed by 

Schmalzriedt et al (2003).
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The momentum balances from CFD can be coupled with material balance 

equations to obtain mixing or reaction information. This is based on the 

assumption that the stationary flow field is not affected by mass transfer or 

reactions. This is a reasonable assumption for many biotechnological processes 

with Newtonian flow behaviour. (Schmalzriedt et al, 2003).

The CFD simulations of energy dissipation can also be combined with population 

balance equations to predict the evolution of drop size distribution (Soon et a! 

2000, Maguire et a! 2003) and with models of mass transfer (Lamping et a! 2003) 

to predict the mass transfer in the vessel.

When considering flows of the type found in shake flasks or microwell plates 

interfacial force terms must be included in the calculation due to the large effect 
that the free surface has on the system (Brackbill et al, 1992). In general these 

systems are laminar so a turbulence model does not need to be included (Zhang et 
al 2003).

In conclusion, CFD can now produce reasonable simulations of aerated stirred 

tanks of large volumes often giving results that cannot be measured directly 

(Alopaeus, 2002). With the exponential increase in computing power, simulations 

are getting more complicated and more accurate. It has been suggested that 

simulation strategies based on the integration of CFD and structured biokinetics 

will play an important role in advancing the performance of technical bioprocesses. 

(Schmalzriedt et al, 2003).
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1.8 Aims and objectives of thesis

The aim of this thesis is to gain understanding of fermentation and cell culture 

process operations at miniature scale (between 0.5 and 10ml) with a view to 

setting up a system that obtains useful process data for scale-up so that more 

process optimisation can be completed using fewer resources.

The objectives used to achieve this will be:

■ To design and build a prototype miniature bioreactor which is suitable for 

various fermentation types and different experiments measuring the 

engineering environment found in the system.

■ To incorporate suitable instrumentation into the design of the miniature 
bioreactor -  this should measure fermentation parameters such as 

dissolved oxygen levels, pH, temperature and biomass levels.

■ To “commission” the system to ensure it works as it was designed to. This 

includes checking aeration, agitation and instrumentation systems.

■ To find a suitable technique of mass transfer measurement for the 

bioreactor that is simple but accurate.

■ To measure the mass transfer coefficient for the miniature bioreactor and a 

larger laboratory bioreactor under various flow conditions.

■ To use Computation Fluid Dynamic (CFD) simulation data to obtain values 

for the power per unit volume of the system under different flow conditions 

to allow a comparison between different stirred bioreactors system data 

found experimentally and found in the literature.
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To measure the mass transfer coefficient in established shaken microwell 

plate systems in order for comparison with the miniature bioreactor.

To establish the suitability of the miniature bioreactor for batch fermentation 

of E. coli by completing a standard fermentation at the miniature and larger 

scales.

To adapt the design of the bioreactor so that it is more suitable for 

mammalian cell processes where sterility and shear levels are key issues.

To complete a “Proof of Concept” cell culture run that can be compared to a 

large scale cell culture process.

These objectives lead to a greater understanding of fermentation systems at this 

scale and the information gained should enable the assessment of this system 

designed as a useful tool for process development.
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Chapter 2 - Materials and methods

This Chapter describes the equipment, materials, analytical techniques and 

experimental methods that have been used in the project.

The miniature bioreactors are described in detail -  both Mark I and Mark II. Mark I 

was made with Perspex to allow viewing of the fluid flow. Mark II is a more 

sophisticated model made of stainless steel to allow steam sterilisation. Also 

described here are the materials and methods used for: the experiments carried 

out in shaken microwells; measurement of mass transfer characteristics and the 

culture methods for E.coli and Hybridoma cells.

2.1 The miniature bioreactor -  Mark I

The miniature bioreactor was designed to be geometrically similar to a ‘standard’ 
stirred tank bioreactor in as many ways as possible. The vessel itself and its 

internals were as close to design guides as construction would allow. The motor 

was chosen to replicate all values of Reynolds number; power per unit volume, and 

tip speed that can be found in a conventional stirred bioreactor. The unit was 

machined from a block of Plexiglas (30.0 mm x 30.0 mm) -  this was to allow visual 

inspection of gas bubbles, mixing and the state of the cells. Figure 2.1 shows the 

main elements of the bioreactor together with some of its associated 

instrumentation and interconnections.

The bioreactor chamber was 16 mm in diameter and 48 mm high, with a working 

liquid height of 34 mm giving a working volume of 6 mL. The mixing of the 

contents of the bioreactor was achieved by means of three, 6-bladed open turbine 

impellers, each having a diameter of 7.0 mm and width of 1.5 mm. The impellers 

were driven from the top of the bioreactor with a micro-fabricated electric motor 

(Smoovy, Switzerland) with a shaft diameter of 1 mm and an infinitely variable 

speed (maximum speed of 15,000 rpm and torque of 2.2 mNm).
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pH probe Baffles

Air sparger

Figure 2.1 ; Mam components of Miniature Bioreactor -  Mark I. All measurements are in mm.

The bottom impeller was placed approximately 6 mm from the base of the 
chamber, the distance between two impellers was 7.5 mm and the distance 
between the top impeller and the free liquid surface was 7.0 mm. The bioreactor 
had four baffles of width 1.8 mm and thickness 0.6 mm. Drawings of the 
Bioreactors can be found in the appendices.

The air from a compressed air supply was sparged through a single tube of internal 

diameter 1.0 mm with a perforated plastic cap, positioned directly underneath the 

bottom impeller. The flow rate was measured using flowmeter with a flow rate 

range of 0.2 -  100 ml/min of air (Gilmont).

The vessel was heated using a coil of silicon tubing wrapped around the outside of 
the vessel walls. Warm water was circulated through the coils using a circulating 
water bath (Thermo Haake, Karlsruhe, Germany).

On-line measurements of dissolved oxygen tension, pH, and cell density were 

performed by means of fibre optic probes -  which are described in detail in section 
2.3; temperature was measured by means of a fine diameter K-type thermocouple.
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2.2 The Miniature Bioreactor - Mark II
Miniature Bioreactor Mark I confirmed the concept that fermentation at the 
miniature scale was possible. The next step was to improve the vessel so that it 
was more robust and more similar to a production fermenter. The most significant 
difference between Mark II and Mark I is that Mark II is manufactured from 

stainless steel. This allows full steam sterilisation and it ensures that no stray light 
entered the vessel and effected the optical probes.

Mark II was produced for use with mammalian cells -  this needed some minor 
changes to the vessel but the geometry was not changed greatly as the CFD and 
mass transfer work had already been completed in the current geometry. The 
internal geometry is similar to that of Mark I with some slight changes to allow for 
the different cell types being grown. Figure 2.2 and 2.3 show the miniature 
bioreactor -  Mark II and its internals.

//

A photograph of miniature Bioreactor Mark II
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Figure 2.3: A photograph of Miniature Bioreactor Mark II showing the internals of the vessel

This bioreactor has a 3.25 : 1 aspect ratio it was machined from 316 stainless 
steel. Three 6-bladed open turbine impellers were used to mix the bioreactor. The 
impellers were positioned as in Mark I (discussed in section 2.1). The impellers 
were driven using a 13 mm diameter motor (Minimotor SA, Switzerland) with a 
maximum speed of 9000 rpm and maximum torque of 4 mNm.

The impellers were driven using a flexible drive to allow more room on the top plate 

of the vessel for ports. A PTFE bush gave the seal between the vessel and shaft.

The vessel was sparged from a cylinder of 5% CO2, 95% Air using a single tube 
sparger was with a diameter of 1mm and a perforated plastic cap to distribute the 
gas. The flow rate was measured with a flowmeter of flow rate range 0 -  8.8 ml/min 

(Gilmont).

A water jacket around the vessel was used to control the temperature of the 

vessel. This was fed from a circulating water bath (Thermo Haake, Karlsruhe, 

Germany) with a temperature set-point of between 39.0 and 40.5°C.
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2.2.1 Probes and ports

Probes measuring dissolved oxygen, temperature, optical density (for total cell 

number) and pH were used -  instrumentation is discussed further in section 2.3. 

The probes were held in place and sealed using compression fit with a silicon O- 
ring.

■ The oxygen probe with a diameter of 1 mm entered the vessel through the 

top of the vessel and could be raised/lowered to different heights. This 

probe is described further in section 2.3.3.

■ The total cell number was found by measuring the optical density of the 

broth at 780 nm. Two autoclavable probes (OD 1.5 mm) were positioned in 

the sides of the vessel directly facing each other 1 mm from the base of the 

vessel. As the optical fiber lead are not autoclavable these are connected to 

the probe after sterilisation.

■ The vessel temperature was measured using an autoclaveable K-type 

thermocouple probe of diameter 1.6 mm with the handle removed. (Hanna 

Instruments Ltd, Leighton Buzzard, UK). These data were logged using a 

Hanna HI-98804 thermometer.

" A 3  mm septum on the top of the vessel was used as an 

addition/sampling/inoculation port.

■ There were two other port is the top of the vessel -  one for the sparger and 

one as an air outlet. The air inlet and air outlet flows were filtered using a 0.2 

pm filter (Pall Gelman Acrodisc).
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2.3 Instrumentation techniques in the miniature bioreactors.

Measurement techniques are very important in the miniature bioreactor, the 

monitoring of process variables sets this method apart from standard microwell 

techniques. The different monitoring methods are described below.

2.3.1 Optical sensing techniques

Traditionally, spectroscopic techniques are thought to be an off-line tool. Due to 

developments in the fields of fiber optics, miniature components and detectors; 

miniature spectrometers are being used to make on-line measurements. These 

spectrometers can be used to measure many parameters such as oxygen levels 

(Wang, 1999), pH (Kosch, 1999), and turbidity (Knight, 1971). The advantages of 

these sensors over traditional amperometric electrodes are their fast response time 
(<1 second); long-term signal stability; lack of oxygen consumption and immunity to 

electromagnetic noise or interference caused by changes in pH, exposure to 

sulphide or moderate levels of organic fouling. In addition, their construction 

procedures and maintenance are simpler than those of oxygen electrodes, and 

they can be made in various sizes and configurations (Klimant, 1995). Additional 

advantages in using optical methods include small size, freedom from electrical 

interferences, no requirement of a reference cell and the ability to do remote 

sensing using fiber optics. Micro-fabricated fibre optic probes have been described 
and used by Kroneis & Marosner, 1983; Junker et a/, 1988; Wang et al, 1999.

2.3.2 Multiple Optical Measurement Strategy

The methods for measuring cell mass/number, dissolved oxygen levels and pH 

were all optical methods. Each method used optical fibers to deliver and collect 

light from the media. The spectra of the collected light were measured 

continuously using a sensitive CCD detector array grating spectrometer (Type:
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AVS- MC2000; Knight Optical Technologies Ltd; www.knightoptech.com). This 
has multiple spectrometer channels for parallel spectral sensors, such as pH, 
turbidity, and other fluorescence investigations as described below. Figure 2.4 
shows how all of the sensors fit together to be measured simultaneously.

Fiber Optic Probes

Tungsten/Halogen 
Light source

Blue LED  
Light source

PODS
Xenon Pulsed 

Light source Filter Fiber Optic 
switching 

device
Fiber Interconnect

Figure 2.4: Schematic diagram of the optical monitoring equipment. The green lines represent 
the fiberoptic system associated with measuring this fluorescence. The blue lines represent 
fiberoptics associated with the oxygen sensor. The red lines show fiber optics associated with 
cell density measurements.

2.3.3 The oxygen sensor

The oxygen sensor, the optrode (Fibre optic oxygen sensor, AVS-OXYKIT 1.5, 

Knight Optical Technologies Ltd, Surrey, UK) consisted of a 1 mm diameter silica 
glass optical fibre sealed in a 7 cm long stainless steel tube rod, OD 1 mm. The 
working tip of the probe was dip-coated with a ruthenium complex immobilised in a 
sol-gel matrix. An optical fibre carried light from a blue LED [470 nm output peak] 
to the immobilised ruthenium/solgel coating layer at the tip of the stainless steel
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tube. The 470 nm light excites the ruthenium complex to fluoresce. The level of 

this fluorescence is quenched in the presence of oxygen molecules, which diffuse 

through the sol gel matrix and interact with the trapped ruthenium. The reduction 

in the fluorescence signal is related to the concentration of oxygen through the 

Stem-Volmer equation (Wang et at, 1999):

= (2-1)

where lo and I are the fluorescence intensities in the absence and the presence of 

oxygen, respectively. Ksv is the Stem-Volmer quenching constant, and [O2] is the 

concentration of oxygen.

The level of fluorescence signal was detected using a second fibre optic, part of 

the integrated optical probe and the fluorescence light was analysed by a sensitive 
CCD detector array grating spectrometer (Type: AVS- MC2000; Knight Optical 

Technologies Ltd; www.knightoptech.com).

The calibration of the probe is completed using a polynomial regression of the 

form:

—̂  = A{p02)^+B'p02+^ (2 .2)

where A and B are temperature dependent calibration coefficients and p02 is the 

partial pressure of oxygen around the probe. In this work, software (Spectrawin 

4.1) was supplied with the probe and was used to calibrate and measure the 

dissolved oxygen levels.

The oxygen probe was tested against a standard sterilizable, polargraphic 

dissolved oxygen probe. Figure 2.5 shows the results from a degassing 

experiment (for method see section 2.5.1) in a 20 L bioreactor. Both probes were 

placed in similar positions near the base of the vessel. The important aspects of a 

dissolved oxygen probe are accuracy, stability and response.
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Figure 2.5: The dissolved oxygen profile from two different oxygen probes during a degassing
experiment. Air was sparged through a 20L bioreactor at a flowrate of I W M  and impeller speed 
of 300 rpm. X shows the change in dissolved oxygen level measured by the polargraphic probe 
and —  shows the same oxygen profile measured with the optical electrode.

The traces from the two probes (Figure 2.5) have the same end point which shows 

that the accuracies of the two systems are very similar. The trace from the optical 

probe has some noise, If the signal is required less than once a second then this 

could be smoothed out using averaging. The other very noticeable difference 

between the two curves is the differences in the gradient. The optical probe 

responded faster to the difference in dissolved oxygen levels.

The response time of a probe is a very important aspect of its performance, 

especially when measuring changes in oxygen levels which occur at a high rate. It 

is not important during fermentation when changes in dissolved oxygen levels tend 

to take minutes or hours to occur. It is important when measuring the oxygen
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transfer capabilities of a vessel. The ‘degassing’ technique (see section 3.5) for 
mass transfer measurement requires the quick measurement of changing 

dissolved oxygen levels. If a fast measurement technique is not available the 

response time of the probe must be found so that it can be accounted for in the 
calculations.

The response time, ip, of the probe is defined as the time needed to record 63% of 

a stepwise change. This has been measured for the optrode at 20°C and the 

profiles are shown in Figure 2.6. This gives a response time of 10 s. Xp makes a 

significant difference to the calculation of kua when Xp < l/Skta. For this particular 

probe the kia must be less than 0.02 for us to ignore the probe response time and 

still get accurate results.
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Figure 2.6; The measurement of the response time of the oxygen optrode. The probe was 
exposed to a stepwise change in dissolved oxygen level.
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The response time of probes can vary under different conditions -  in the case of a 

fluorescent probe the temperature effects the response time, as does any 

protective coating layer on the probe

The third important factor when considering oxygen probes is probe drift. This 

occurs in all probes (about 2% per week at constant temperature for OxyProbe®, 

Broad ley Technologies Corporation, CA, USA). As fermentations can be long -  

between -  8 hours and weeks. The drift for the probe used in experiments in this 

thesis drifted at about 10% per 24 hours. This is a significant amount for long 

fermentations and has not been accounted for in any results graphs.

2.3.4 PH measurement

The pH of a fermentation is often measured as it gives a lot of information on the 

growth stage of the culture, it also allows pH control to extend the fermentation 

time or adjustment of the pH to that which gives optimum growth or product 

production. Three different pH measurement systems were tested for the miniature 
bioreactor. The first is a commercially available optical fiber pH probe (Avantes). 

The second uses the method of Junker ef al (1988). A fluorescent dye is included 

in the fermentation media, the fluorescence was then measured using an optical 

fiber probe and miniature spectrometer (see section 3.3.1). The third is using 

phenol red pH indicator - mixed with the cell culture media, as it often is, at small 

scale. The techniques are all described below -  but no pH profiles are shown in 

the results:

2.3.4.1 Method 1 : pH probe methods

Initially, it was intended that a commercial pH probe (Aventis, FCT-UV200-F) was 

to be used -  this probe had a diameter of 6 mm. It worked by detecting the colour 

change of indicator dyes immobilised in films fitted to the end of the probe. This 

method was found to be inaccurate and it was not thought to be feasible to sterilise 

the probe to a suitable level so it was not used.
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2.S.4.2 Method 2: Fluorescence of HPTS

In the second method pH was measured with an optical probe using the method of 

Junker et al (1988). The pH sensor consisted of a fibre optic probe of diameter 1.5 

mm (FCR-UV200F, Knight Optical Technologies Ltd, Surrey, UK); a miniature 

tungsten light source (HL 2000) coupled to a multiple channel spectrometer 

(MC2000). The fluorophor, 1-hydroxypyrene-3,6,8-trisulfonic acid trisodium salt 

(HPTS, Sigma-Aldrich, Dorset, England) with a pKa value of 7.3 was selected for 

the experiments described here. Two different excitation wavelengths of 405 nm 

and 460 nm were used. The fluorescence intensity was measured at a single 

emission wavelength of 520 nm. A linear calibration curve was obtained for 20 g/L

7.40

y = 6.622X + 8.0057 
R2 = 0.992
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Figure 2.7: The calibration curve for the pH monitoring system. The pH of fermentation media
was adjusted using 1M HCI/NaOH and the pH was found by measuring the emission at 520 nm. 
This data is compared to the pH found using a standard lab pH probe.
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of HPTS in water using the method of (Junker et al, 1988) The spectrometer was 

used to monitor the change in fluorescence. This method was used for bacterial 

fermentations only. Figure 2.7 shows the calibration curve between media pH and 

fluorescence. This shows very good fit for the range that the fermentation is likely 

to be in. There is no results data in this thesis which uses this method.

2.3.4.3 Method 3: Colour measurement of phenol red pH Indicator.

Phenol red is routinely used in mammalian cell culture media as a qualitative 

measure of the media pH. This measurement technique monitors the colour of the 

media by shining light from a tungsten-halogen light source and taking the 

spectrum of the reflected light and detecting the change using the miniature 

spectrometer.

2.3.5 Cell density and cell number measurements

The measurements of biomass level (g/l) and cell number (cells/ml) are essentially 

the same -  only the wavelength used varies. 625 nm is used for E.coli 

fermentations and 780 nm is used for the hybridoma cell number measurements

2.3.5.1 Cell density measurements for bacterial fermentations

The measurement of cell density was achieved using three optical fibre probes. 

Each fibre was fabricated from a single 600 micron active core diameter fibre 

(probe diameter 1.5 mm). One probe was used to deliver the light produced by a 

miniature tungsten light source to the bioreactor contents. The other two probes 

were used for light collection from the bioreactor, one for transmitted light (625 nm) 

and one for scattered light. This arrangement allowed a range of measurements 

including turbidity, transmission/colour and nephelometry to be carried out by a 

multiple channel spectrometer (MC2000). In the present study the broth turbidity 

was sufficiently low to allow reliable cell density data to be obtained from the 

measurement of transmitted light. Figure 2.8 shows the calibration curve for the 

biomass probes. Below 4 g/l the calibration is good -  above 4 g/l of biomass no
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light is transmitted through the broth so no result is possible. This is shown in the 

graph -  the upper two data point with biomass level of approximately 5.5 g/l are not 

valid and so are not included in the calibration.

If a range greater than 0 -  4 g/l is required the probes need to be moved closer 

together, or combining this measurement with a reflectance method - measuring 

the light that is reflected directly backwards.

4.5

Data not 
included in 
calibrationEcoo

CO
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I

y = 0.8479X + 0.4266 
R2 = 0.979

0.00 1.00 2.00 3.00 4.00 5.00 6.00

Dry Cell Weight g/l

Figure 2.8: The calibration curve for the biomass probes of the miniature bioreactor.
Below 4 g/l dry cell weight the measurement system works well.
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2.3.5.2 Cell number measurements for hybridoma cell culture

The total cell number was found in a similar way to above. The optical density of 

the broth at 780 nm was measured. Two autoclavable probes were positioned in 

the sides of the vessel directly facing each other. The absorbance was measured 

using a multichannel spectrometer (MC2000) and calibrated against total cell 

counts (using a haemocytometer). Figure 2.9 shows one such calibration curve.
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Figure 2.9; The calibration curve for cell number in the miniature bioreactor.
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2.4 Shaken Microwell experiments

A series of experiments were completed in a shaken microwell system to compare 

this with the miniature bioreactor. The system used is described below.

Specially manufactured Perspex wells were used to mimic one well of a 96 and 24 

well plate (Whatman UniPlate®, Whatman Pic, Maidstone, Kent, UK). This allowed 

visual inspection and easy access for an optical oxygen probe. The oxygen probe 

(as described in section 2.3.3) was positioned at the base of the well with the 

active tip flush with the wall, thus measuring the area of lowest mass transfer.

The Whatman plates are manufactured from polypropylene which is slightly more 

hydrophobic than Perspex. Polypropylene has a contact angle of 108° whereas 

Perspex has a contact angle of approx. 72°.

24 Well plate dimensions: The chamber of the well had a square cross-section of 

dimensions 17.2 x 17.2 mm and a hemispherical base of radius 8.6 mm. The total 

depth of well was 40 mm giving a working volume of between 0.5 and 4 ml.

96 well plate dimensions: A square cross section narrowing conically at the base. 

The upper section had dimensions of 8 x 8 mm and the total depth was 40 mm. 

The working volume of the vessel is between 0.2 and 0.5 mm.

The system was shaken using an Eppendorf Thermomixer comfort (Eppendorf UK 

Limited, Cambridge, UK). Which provides orbital shaking with a shaking diameter 

of 6mm at between 300 and 1400 rpm.
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2.5 Air-water mass transfer experiments

Before running the bioreactor as a fermenter, a series of experiments were carried 

out in Mark I with air-water in order to obtain mass transfer data in the form of the 

overall volumetric mass transfer coefficient, kua. This allowed the performance of 

the miniature bioreactor to be assessed under defined conditions and provided a 

basis for comparison with conventional reactors for which many correlations are 

available (Smith ef a/,1977; Van’t Riet, 1979; Kralj, 1984).

2.5.1 k\_a measurements in the miniature bioreactor

Air-water Wia values were calculated from the dissolved oxygen concentration 

profiles obtained as a function of time by using the dynamic gassing out technique 

(Van’t Riet, 1979). Before each experiment, the optrode was calibrated at 100% 
and 0% oxygen saturation by sparging air and nitrogen, respectively. A typical 

experiment started with fresh RO water and with the impeller speed set at a pre

determined value. The oxygen concentration was continuously monitored as a 

function of time. Nitrogen was sparged till the level of oxygen had fallen to zero, at 

this point, the gas supply was switched rapidly to oxygen at a fixed flow rate of 1 

wm corresponding to a superficial velocity of 0.0005 ms'  ̂ and the rise in oxygen 

concentration was monitored.

2.5.2 kL3 calculation technique

The experimental kia values were based on the well-mixed model for both the gas 

and liquid phases, as suggested by Dunn & Einsele (1975). The well-mixed model 

is considered appropriate for this case because of the small size of the miniature 

bioreactor. According to this model, kta is obtained from the oxygen probe 

response data by the following expression:

kj a = -  In 
 ̂ t v C L - C L /

1 ,= —• In 
t

r
(2.3)

Cn

where Cn is a normalized oxygen concentration defined by: C n=(C l*-C l)/Cl’.
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The optrode used in the present investigation had a response time, xp (the time 

needed to record 63% of a stepwise change), of up to 42s, measured using a 

standard procedure described elsewhere (Dunn & Einsele, 1975). CFD predictions 

gave an overall volumetric mass transfer coefficient, kia, in the miniature 

bioreactor typically in the order of 100 h'̂  (0.003 s'^) indicating that the impact of 

the probe response time on kia was an important consideration. We used a first 

order response model recommended by Badino et al (2001) in our calculations to 

account for the fibre optic probe response time. Thus,

dc

dt
— - — {Cf̂  -Cp) (2.4)

where Cp is the normalized dissolved oxygen concentration measured by the 

probe. Substituting for Cn using Equation (2.3), integrating and rearranging gives 

the following expression for kua:

C d = fm exp - r _  exp
\ m y

(2.5)

where xm =1/kLa. Equation (2.5) was solved for kia using Microsoft Excel at each 

time measurement and the results averaged. Sample calculations are included in 

Appendix 4.

2.5.3 Analysis of the mass transfer calculations

The method used for measuring the mass transfer coefficient is described above. 

These calculations show that the response time of the dissolved oxygen probe is 

important and demonstrates how the calculation must change if the probe 

responds slowly to changing dissolved oxygen environments. In this section the 

following questions are answered: Do you need to take the response time of the 

probe into account? How accurately do you have to predict the response time of 

the probe and the start time of the experiment?
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Typical data from a degassing experiment is shown in Figure 2.5. This data is then 

processed to give a value for the mass transfer coefficient (kua). The simplest way 

to calculate the kua is to use a method from Bandyopadhyay & Humphrey (1967) 

and plot ln(CL*-CLo/CL*"CL) against time, from this point this will be called the 

simple method. This should give a line with a gradient value equal to the kia. The 

data from Figure 2.5 has been processed in this way and can be seen in Figure 

2.10 below. Two lines have been fitted to each set of data - one that passes 

through the origin and one that does not.

Ü

§

8

y = 0.0128X
 Optical Oxygen

Probe

♦  Oxygen Electrode

7
y = 0.0139X-0.2882

6

y = 0.0085X 

y = 0.01x - 0.35225

4

3

2

1

0

1

0 50 100 150 200 250 300 350 400

Time s

Figure 2.10 The data from a degassing experiment. The dashed lines show lines of 
best fit in each case two lines are plotted -  one which passes through the origin and 
one which does not.
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This plot highlights the difficulties of using the simple method where the probe 
response time is not taken into account; the lines are the results of two different 
probes in the same system. Each line has a different gradient and therefore 

indicates a different value of kua. Kuas in this plot vary between 0.0085 and 0.0139

s '\ Therefore the calculation method discussed in section 2.5.2 was used to

calculate the kua for all experiments in this thesis.

2.5.4 Sources of error in the measurement of k\_a

Figure 2.11 shows the results from various degassing experiments where the Kua 
has been calculated in two different ways.
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Figure 2.11; Comparison of the RlB calculated with and without taking the probe response 
time into account
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The first way (on the X-axis) is the calculation method described in section 2.5.2 

which takes into account the probe response time. The second way is the “simple” 

method described in section 2.5.3. Where the response time is not taken into 

account. If both systems were as accurate as each other the data points would all 

fall along the diagonal, as each calculation method would predict the same value. 

This is not the case -  Figure 2.11 shows that the simple method consistently 

predicts a lower value - this is as expected as the lag of the probe will delay the 

measurement therefore lowering it.

What happens to the estimated kua value if we perform the experiment 
inaccurately?

During the degassing experiments there are two variables which are hard to get a 

very accurate value for: the start “Air-on” time and the probe response time.

The “air-on” time is the time at which air starts entering the vessel after de-gassing, 

this is difficult to get a very accurate value for because of the dead volume in the 

system. To investigate the effect of inaccuracies of this parameter on the kua value 

the kia was calculated from several different assumed air on times from the same 

data. This showed that in this case using an incorrect “air on” time Is after the 

actual air on time gives a kia value 9.7% higher. Figure 2.12 shows the effect of 

even greater inaccuracies in start time.

Material and Methods 85 S.R. Lamping, 2004



0.08

0.06

(0

0.04

0.02

-10 10•5 0 5

starting time - actual starting time s 

Figure 2.12 kua calculation sensitivity to designated start time.

The probe response time can be measured (and has been -  see section 2.3.3) but 

the value varies with temperature due to the increased diffusion rates. It may also 

vary slightly if the bulk liquid is stirred rapidly as this decreases the thickness of the 

liquid film at the membrane surface. The response time also varies if the protective 

coating thickness changes -  i.e. it is scratched.

To see the effect of the response time on the kia given from the calculation, 

different probe response times were assumed for the same data. A 5% difference
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in the response time used in the calculation caused a 5.4%. change in k]_a. Further 

inaccuracies in the response time value give dramatic changes in the results -  this 

is shown in Figure 2.13. It is important to have an accurate value of this to enter 

into calculations.
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Figure 2.13 KlA  calculation sensitivity to probe response time

The data above suggests that the kta can be measured successfully using the 

method described in section 2.5.2 but the method must be completed accurately to 

get the best results.
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2.6 CFD simulation of the flow in the miniature bioreactor

Energy dissipation rate, gas volume fraction and air-liquid interfacial area are 

important engineering flow parameters used in correlating experimental Kua data. 

In the present study the power input, and hence energy dissipation rate, to the 

micro-impellers could not be measured with confidence because of the very low 

values of torque involved. The power input was predicted as part of an analysis of 

the multiphase flow and mixing in the miniature bioreactor by using computational 

fluid dynamics, CFD (CFX4.1, AEA Technology,UK).

The standard Reynolds-Averaged-Navier-Stokes (RANS) model was used to solve 

the three-dimensional two-phase (gas-liquid) turbulent flow in the miniature 

bioreactor and the closure of the problem was achieved using the ke model. 

Turbulent kinetic energy, k, and energy dissipation, e , were obtained from the 

homogeneous model, where k and e were assumed to be the same for both 

phases throughout the vessel (Soon et al, 2000; Boychyn et al, 2001). The motion 

of the gas bubbles and their interaction with the flowing liquid were described in 

terms of the drag force acting on the bubbles, the impact of lift force and the virtual 

mass effects were ignored. The gas and liquid momentum equations were 

coupled by the interfacial force terms due to the drag force by the following 

equation.

F, = -F^ = QJSr^p^ -  U„|(U^ - U J  (2.6)

The drag coefficient Cd was determined from the modified Reynolds number (Kuo 

& Wallis, 1988) and the interaction between bubbles were taken into account by 

making use of the correlation proposed by Ishii and Zuber (1979) for the drag force 

in a bubble swarm. The impeller was described by the inclusion of additional 

source terms in the momentum equations using the method of Pericleous and 
Patel (1987). Each baffle was treated as a thin surface and described by defining 

an appropriate time-averaged sink term in the momentum equations as using
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recommended previously (Morud and Hjertager 1996, Revstedt et al 1998, Xu and 

Meg rath 1996).

The average bubble size was estimated from the following correlation (Wilkinson et 

a /1993):

(2.7)
Pa

The critical Weber number. Wee, in Equation 2.7 was assumed to have a value 

equal to 0.6 (Hinze, 1955). The energy dissipation term, s, in Equation 2.7 was 

based on flow conditions around the impeller blades, and considering the small 

size of the miniature bioreactor, bubble coalescence was assumed to be negligible.

For both phases, no-slip boundary conditions were applied. Free-slip conditions 

were used along the bottom and side walls (Morud and Hjertager, 1996). The gas 

sparger was simulated as a solid body. The gas inlet was set on top plane of the 

solid body and the normal component of gas was specified according to the gas 
flow rate (1 wm). At the gas outlet (top of the vessel), the velocity was determined 

from a mass balance based on inlet conditions. For a fixed impeller speed and gas 

flow rate, the CFD simulations provided the distribution of the relevant engineering 

parameters in the miniature bioreactor including the velocity field, bubble size, gas 

hold-up, and the energy dissipation rates. The local values of the energy 

dissipation rates were integrated over the vessel volume to obtain an average 

value over the entire contents. The average power input was obtained directly from 

the integrated energy dissipation rate and used for comparison with published 

data. The simulated parameters were also used in a mass transfer model to predict 

both the profile and the integrated overall mass transfer coefficient, kia, as 

described later on in section 3.2.1.
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2.7 Fermentation

All fermentations in the miniature bioreactor were carried out in Mark I (Figure 2.1) 

with Escherichia coli, DH5a in batch mode at 37°C, an air flow rate of 1 wm and 

an impeller speed of 1500 rpm. pH was not controlled. The optical fibre probes 

described above monitored oxygen levels and biomass concentration. Parallel 

fermentations were carried out for comparison in a 20 L (12 L working volume) 

LH20L03 HI-CAT series bioreactor (Adaptive Biosystems Ltd., Progress Business 
Park, Luton, UK).

The cultures were grown on a semi-defined medium which consisting of, per litre, 

D-glucose ( 1 0  g), MgS0 4 .7 H2 0  (1 .2  g), (NH4)2S0 4  (4 g), KH2PO4 (13.3 g), citric 

acid (1.7 g), Na2EDTA (8.4 mg), C0 CI2 .6 H2O (2.5 mg), MnS0 4 .4 H2 0  (15 mg), 

CUSO4 .2 H2O (1.5 mg), H3BO3 (3 mg), NaMo0 4 .2 H2 0  (2.5 mg), ZnCb (13 mg), Fe 
(III) citrate (100 mg), thiamine hydrochloride (4.5 mg); (Sigma-Aldrich, Fancy Road, 
Poole, UK). The medium also included a complex amino acid, casamino acids 

(Oxoid), which were added to the medium to a final concentration of 10 g/L. The 

pH of the medium was adjusted to 6.3 prior to sterilisation by addition of 4 M 

NaOH, and. All chemicals were obtained from BDH (Dorset, England) unless 

otherwise stated. Sterilisation of the miniature bioreactor was achieved by rinsing 

the equipment with 1M NaOH followed by sterile water.

Seed culture was prepared by inoculating 10 ml of the medium in a McCartney 

bottle with a single colony from nutrient agar plates. The culture was allowed to 

grow overnight at 37°C and rotated at 200 rpm by a horizontal shaken platform in 

an incubator. 10 ml of seed culture was used to inoculate 500 ml of fresh medium, 

which was grown for 6  hours under the same conditions.

The 500 ml culture was used as the starting point for all experiments in the 

miniature bioreactor, 20 L fermenter and shaken fermentations. In the case of the
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miniature bioreactor, 0.6 ml of the culture was used to inoculate 5.4 ml of fresh 

medium in the bioreactor. A 10% inoculation was also used for the 20 L 

fermentation. In the large fermenter the foaming was controlled automatically by 

the addition of 100 % polypropylene glycol (PPG) pumped at a concentration of 0.1 

mUL. The bioreactor was operated in the batch mode and the initial fermentation 

conditions were as follows: temperature, 37°C; air flow, 1 wm (1 2 Lmin‘ )̂; DO2 - 

100%; agitator - 530 rpm; pH 6.3. The aeration and agitation were kept constant 

throughout the fermentation. Oxygen levels were monitored using an Ingold 

polarographic probe (Mettler-Toledo Ltd., Beaumont Leys, Leicester, UK). Online 

data was logged by Propack data logging and acquisition software (Acquisition 

Systems, Fleet, Hampshire, UK. Cultures were grown for 14 h.

The shaken fermentations were completed in 24-well microwell plates that had 

deep, square wells and was manufactured from polypropylene. (Whatman 

UniPlate®, Whatman Pic, Maidstone, Kent, UK). The inoculum was prepared in 

the same way as for fermentations at other scales and inoculation volume was 

10%. In this case parallel fermentations were completed on the same plate to 

allow sampling at different time points.

2.8 Cell culture methods

2.8.1 Cell line, Medium and Culture maintenance

The cell line used for this work was a murine hybridoma cell line VPM8  (ECCAC, 

UK) which produces IGgI an anti-ovine Ig light chain (Jones, 1988).

Cells were maintained in at 37°C in shake flasks with headspace filled with 95% air 

and 5% CO2 The cultures were passed every 2  days keeping the cell concentration 

between 3-9x10® cells/ml media.
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The media used was either RPMI1640, supplemented with 2 mM glutamine, 1 mM 

sodium pyruvate and 10% Foetal Bovine Serum (FBS) or Serum free hybridoma 

media all chemicals were from Sigma-Aldrich Company Ltd., Fancy Road, Poole, 

England unless otherwise stated.

2.8.2 Assays

5 ml samples were removed from the 1 L bioreactor up to twice daily. For the 

miniature bioreactor, only a final sample could be taken. A small amount was 

removed for a cell count. The cell sample was diluted 1:1 with 0.4% trypan blue in 

saline and counted on a haemocytometer; non-viable cells stained blue. The 

remainder was centrifuged to remove cells and the supernatant was stored at - 

20°C for later analysis.

The glucose and lactate concentrations were measured using a Model 2700 YSI 

glucose L-lactate analyser (Yellow Spring Instruments, Yellow Springs, Ohio).

Antibody IgGi was quantified using an enzyme-linked immunosorbent assay 

(ELISA).

2.8.3 Miniature Bioreactor Experiments

2.8.3.1 Sterility tests

A very important aspect of all fermentations is sterility -  It is very important to 

ensure that only the cell line that is intended is grown and that it is completely 

contained. Initial tests were completed to ensure that the miniature bioreactor could 

stay sterile for the duration of the fermentation.

The vessel was autoclaved and prepared as it would be for cell culture (see section 

2.8.3.2) but it was not inoculated. The vessel was kept under ideal growth
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conditions for three days -  during this time the optical density of the media was 

continuously monitored at wavelengths of 600 nm and 780 nm. At the end of the 

test, media was removed from the vessel and plated on nutrient agar -  this was 

then incubated at 37°C and monitored for growth.

Figure 2.14 shows the intensity of light at BOOnm and 780nm after passing through 
the media. These profiles confirm the absence of any growth. The tests lasted 3 
days and there is very little change in the intensity. The initial peak is due to media 

pH and temperature equilibration of the media. The post-test media showed no 

growth on nutrient agar when incubated at 37°C.
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Figure 2.14; The intensity of light after passing through the media during the sterility test 
over 3 days.
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2.8.3 2 Cell culture in the miniature bioreactor

All cell culture experiments were carried out in miniature bioreactor Mark II (Figures

2.2 and 2.3). The bioreactor was first autoclaved at 121°C for 20 minutes in a 

bench top autoclave with the probes in place. After the bioreactor has cooled 5 ml 

of fresh media are added using a hyperdermic syringe through the septum. 

Filtered air with 5% CO2 is pumped at 5 ml/min into the headspace/sparged into 

the vessel and the water in the vessel jacket is set to 40®C and the impeller speed 

was set to 1850 rpm. After the media was equilibrated the probes were calibrated 

and the vessel was inoculated with cells to 1 x1 0 ® viable cells/ml in exponential 

growth phase. After the fermentation was complete a sample was taken from the 

vessel for the following assays:

■ PH using a standard lab pH probe

■ Viable cell count (using a haemocytometer and trypan blue exclusion dye)

■ ■ Lactose and Glucose levels using a YSI biochemistry analyser.

■ Antibody level using an ELISA assay described above

2.8.4 1 L Bioreactor experiments for comparison

Cell cultures were also grown in a 1 L bioreactor (Anglicon Biotechnology 

Systems,) for comparison. The bioreactor had an anchor impeller and single tube 

sparger. The vessel was set up in the standard way and run in a very simple way 

using the following conditions:

37°C

Sparged at 1 0 0  ml/min (0 .1  wm) with air and 5% CO2

No pH control - only monitoring

Impeller speed = 100 rpm

Starting concentration: 1x10® viable cells/ml

Pluronics F- 6 8  was added to serum free media as a cell protectant

5 ml samples were taken for cell counts. They were then spun down at 100 
g and the supernatants were frozen at -20°C for later testing
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2.9 Concluding remarks

Two prototype miniature bioreactors were designed and built. These bioreactors 

had the capacity for a large amount of monitoring, sparged aeration and impeller 

driven agitation. The bioreactors are meant for the proof of concept work only and 

would have to be adapted for commercial use in high throughput automated 

applications.

A large amount of monitoring capacity was designed into this vessel using optical 

fiber probes and a miniature spectrometer. These monitoring systems were tested 
and calibrated.

A mass transfer coefficient measurement system was established using the 

gassing out technique. As the response time of the optical oxygen probe was 

considered long, the first order lag method was used to take this into account.

A method for the measurement of mass transfer in shaken microwell plates was 

established using a mimic of one well of both a 24 and 96 well plate.

Fermentation systems were established for the growth of E.coli and hybridoma 

cells at laboratory scale. These fermentations systems were then adapted for use 

in the miniature systems.
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Chapter 3 - Results and discussion

3.1 Introduction

This chapter includes results from experimental studies carried out to compare the 

performance of the miniature bioreactor and shaken microwell systems operating 

under similar conditions. These systems and the methods used have been 

described in detail in Chapter 2. The comparison is focused on the mass transfer 

capabilities of the two systems using air-water. Example fermentation results are 

also included

These experimental results will be complemented with information gained from 

computational fluid dynamics simulations carried out in a parallel research 

program. Results from these simulations are included here as they significantly 

add to the understanding of the experimental results.

3.2 Characterisation of the fiuid and mass transfer capabilities of the 
miniature bioreactor

In the absence of an experimental measurement technique (see section 1.6.8), the 

power input to the miniature bioreactor was obtained from CFD simulations of the 

flow in the bioreactor. These simulations were carried out in a parallel PhD study 

(Zhang et al, 2003). The key results are presented below as part of the present 

discussion because they form an essential part of the analysis and of experimental 

results.

Results and Discussion 96 S.R. Lamping, 2004



3.2.1 Mixing and flow in the miniature bioreactor

CFD simulations of speed and energy dissipation rate for a single phase liquid with 

the properties of water are shown in Figure 3.1 for an impeller speed of 2500 rpm. 

The single-phase power number, A/p, was obtained by integrating the simulated 

local energy dissipation rates over the entire volume of the vessel and dividing it by 

the group pl N̂ D®. Thus:

where r  ̂ is the local liquid fraction which was taken to be equal to 1 .0  for the case 

of single (liquid) phase, and the local fluid density pa was assumed to be liquid 

density, pL. The simulated impeller power curve was obtained by assuming equal 

distribution of power input between the three impellers. These simulations 

predicted a power number of approximately 4 .0  for the micro-impeller in turbulent 

flow regime, comparable to published experimental values for a large-scale unit 

with similar configuration (Uhl & Gray, 1966). Equation 3.1 was also used to 

predict the local and average power input for the two-phase, gas-liquid system, in 

the miniature bioreactor (simulations not shown). The results gave a ratio of 

gassed to ungassed power, Pg/P, of 0 .8  - 0 .9 . The reported ratio of Pg/P varies 

between 0 .9  and 0 .4  depending on the type of impeller and gas flow number 

(Smith et al, 1977).

Flow simulations were also performed for the 20 L standard fermenter equipped 

with a set of three Rushton turbines. The CFD simulated single-phase power curve 
predicted a power number 6 . 0  for turbulent flow which compared favourably with 

published values for the Rushton turbine impeller (Uhl & Gray, 1966).
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Figure 3.1 : CFD simulations of distributions of liquid speed and energy dissipation rate in the
miniature bio reactor for an impeller speed of 2500 rpm. Liquid properties are assumed to be 
those of water. (Zhang, 2003)
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For distilled water an average value of 4x10^ ms"̂  has been recommended for 

liquid mass transfer coefficient, ki and solution ionic strength is known to increase 

the overall volumetric mass transfer coefficient, kta, partly through its impact on 

interfacial area, a (Van't Riet, 1979). The effect of ions on kta however is not easy 

to predict, but according to experimental information it varies with the type of ions 

present in solution and is dependent on the prevailing fluid energy dissipation 

rates. Van't Riet's (1979) analysis of the published experimental data indicate that 

such uncertainties coupled with different measurement techniques mean that 

reported empirical correlations are likely to vary in their estimations of kia by up to 

±40%.

Higbie's (1935) penetration model of mass transfer at a gas-liquid interface has 
been used previously to describe mass transfer in air-lifts (Ayazi Shamlou, 1995) 

and mechanically agitated mixing vessels (Kawase and Moo Young, 1990). 

According to Higbie's model, mass transfer at a gas-liquid interface is assumed to 

occur by a series of encounters between the liquid and the gas. Each encounter 

lasts for only a short time so that steady-state conditions are never established and 

any mass transfer that occurs is due to the unsteady molecular diffusion. The 

relationship between the mass transfer coefficient, ku, liquid-phase diffusivity, 4 , 

and exposure time, t, is given by:

In a mechanically agitated vessel, Kolmogoroffs theory of homogeneous and 

isotropic turbulence has been used to obtain the following equation for the surface 
renewal time, t, as follows:

t = (3.3)

Where the local energy dissipation rate, s, is obtained from the CFD simulation of 

flow in the vessel.
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Combining Equations 3.2 and 3.3 and rearranging it leads to the following equation 

for the local liquid phase mass transfer coefficient, Kl.

kL{r,z,e) = ̂ ^[e{r,z,G)vY[^ (3.4)

The local specific surface area available for mass transfer is given by:

(3.5)

where rp is the local gas volume fraction. Equations 3.4 and 3.5 were used to 

predict the kia distributions in the miniature bioreactor. Figure 3.2 shows the 

distribution of gas volume fraction, energy dissipation rate, liquid velocity and kua in 

the vessel for air-water. The profiles shown in Figure 3.2 are for an impeller speed 

of 4000 rpm and an air flowrate of 1 wm. To compare these predictions with 
experimental data, the overall (average) volumetric mass transfer coefficient was 

calculated by integrating the local values over the entire working volume of the 

miniature bioreactor. Thus:

(kL(r,z,Û)a(r,z,â)dv
kia =-----------   (3.6)

The overall kia were predicted for a range of impeller speeds and the operational 

airflow rate of 1 wm used in our experiments. The results are presented and 

discussed below.
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1'a

/ miniiiinni ifHiiiiinii t \ 
■.//rninnm ifimmwxwj
. ^ iilWlVWwwNx V.

— RWW' NKr a». . . —

Figure 3.2: CFD simulations of distributions of a), gas volume fraction; b). Energy
dissipation rate, c). liquid velocity; d). mass transfer coefficient (k^a) in the miniature 
bio reactor for an impeller speed of 4000  rpm and air flow rate of 1 w m . Liquid properties 
are assumed to be those of salt-water. (Zhang, 2003).

s-̂

0.1

0.08

0.06

0.04

0.02

0.0

Results and Discussion 101 S.R. Lamping, 2004



3.2.2 Mass transfer in the miniature bioreactor

The mass transfer conditions in a fermentation vessel are very important for 

aerobic growth. It is important to ensure that the dissolved oxygen does not fall 

below 30% air saturation level as this could change the metabolism of the cell 

substantially.

This section explains the experiments carried out to test the ability of the miniature 

bioreactor to transfer oxygen to the media. All mass transfer data was collected 

using the dynamic gassing-out technique as described in section 2.5.

The majority of the data collected is for a model system to allow comparison with 

literature. Three systems are used - two model systems used and one 

fermentation system:

1). Air-water system - a coalescing system.

2). Air-water and ion system -  a non-coalescing system.

3). E.co//fermentation in a semi-defined media

The second system is similar to a fermentation system as ions and other media 

components affect the mass transfer in several ways:

■ Gas hold-up is increased and bubble coalescence is decreased with the 

addition of ions (Zieminski and Whittemore, 1971). Thus decreasing the 

bubble size and increasing the area for mass transfer.

■ The solubility of oxygen in water is reduced if ions and other media 

components such as proteins are added (Schumpe, Quicker and Deckwer, 

1982).

■ The diffusivity of oxygen in water also falls on the addition of ions (Akita, 

1981).

The most important effect is that of the coalescence. The bubble size and surface 

area effect the total surface area for mass transfer greatly -  increasing a (m^) by 

up to 10 times (Van’t Riet, 1979).
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3.2.2.1 Mass transfer results -  Coalescing system

As discussed above, these studies were carried out with water and air. The water 
used was treated using reverse osmosis (R.O.). Figure 3.3 shows the air water 

mass transfer data for the miniature bioreactor plotted against the power per unit 
volume for the system. There is also data for a 20 L bioreactor shown. The data 
plotted is that of kta/Vs®̂  where Vg is the superficial gas velocity. This is to allow for 

the different superficial gas velocities velocities at the two different scales plotted -  
O.OOOSms'̂  in the miniature bioreactor and 0.007 ms'"' at the 20 L scale.

It can be seen from this figure that the data for both systems, the 6  ml and 20 L,
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Figure 3.3: The mass transfer coefficient plotted against power per unit volume for
the miniature bioreactor and a 20 L bioreactor. The solid line shows the line from the 
correlation of Van’t Riet (1979) for this type of data. The dashed line is the line of best 
fit for this data which is parallel to the line from Van’t Riet.
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lies above this line and generally parallel to it. This shows that the mass transfer in 

a stirred tank at the miniature scale follows a correlation of the form:

krUCC
V

\

P (1.9)

as discussed in section 1.6 . The exponents a and p are very similar to those 

suggested by Van’t Riet (1979). The proportionality constant is slightly higher -  

this is thought to be due to differences in tank and impeller geometries -  In these 

tests there were 3 impellers in each stirred tank whereas a lot of literature data is 

measured in tanks with one impeller.

3.2.2 2 Mass transfer results -  Non-Coalescing system

kua data were also obtained for air-water in the presence of sodium chloride ( 2 0  

g/l) for a range of impeller speeds. Figure 3.4 shows the results plotted as a 

function of the mean energy dissipation rate in the miniature bioreactor. For 

comparison, selected CFD simulated values of kua are also shown.

The continuous line in Figure 3.4 shows the predicted kua based on the correlation 
of Van't Riet (1979) based on data points with a power per unit volume of between 

5x10^ and 5x10^ W/m^ and vessel volumes of between 2 and 4400 L. The slope 

of the best line of fit through the data points has a slope which agrees well with the 

0.7, which is the exponent of (PgA/) in the equation reported by Van’t Riet (1979). 

However, the absolute values of kua measured in our experiments are consistently 

lower by approximately 40% compared to those expected from Van’t Riet’s 

expression. The difference is thought to be due to the differences in the vessel- 

impeller configuration between the two systems. Van’t Riet’s equation is based on 

data obtained for standard a Rushton turbine impeller, which is more efficient than 

the open flat turbine configuration used in the present study.
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Figure 3.4 Overall volumetric mass transfer coefficient as a function of the impeller power 
input per unit volume. The plots are for the miniature bioreactor and refer to an air-water 
system with NaCI added. (♦ )  are experimental data and (+) are values obtained from CFD  
simulations. The solid line is the relationship reported by Van’t Riet (1979) based on a 
comprehensive review of kia data for Rushton turbine impellers. The dashed lines are the 
±40%  deviation from Van’t Riet’s equation due to experimental uncertainties and different 
measurement techniques.

It is notable that CFD-predicted kta values are in good agreement with 
experimental kta data, at least in the range of power per unit volume examined 
(5x10  ̂ < PgA/ < 5x1 O'* W/m^), which covers the range of interest to most

fermentations. If data is obtained outside this range, the data strays from the 
correlation slightly.

Figure 3.5 shows the kia data plotted against the mean energy dissipation rate for 
the miniature bioreactor run at higher impeller speeds (up to 9000 rpm). This is 

thought to be due to the inefficiency of the system at these high speeds. As a 
fermentation is unlikely to be run at these speeds it is not thought to be a problem.
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Figure 3.5  Overall volumetric mass transfer coefficient as a function of power input per 
unit volume over a large range of impeller speeds. The solid line is the relationship reported 
by V an ’t Riet (1979) for data between 5x10^ and 5x1 O'* W/m®.

Additional experiments were carried out using a standard 20 L (working volume, 15 

L) bioreactor in which we measured kua for air-water as a function of impeller 

speed. The airflow rate in the 20 L bioreactor was set at 1 wm, equivalent to 0.007 

ms'  ̂ (compared to 0. 0005 ms"̂  in the miniature bioreactor). To compare the 

results for the two bioreactors therefore the overall volumetric mass transfer 

coefficient data for the each reactor were adjusted by assuming kia a Vs°̂ , as 

recommended by Van't Riet (1979). The results are shown in Figure 3.6 where the 

solid line was obtained from Van't Riet's equation and the dashed-lines represent ± 

40% deviations from it.

The kia values for the miniature bioreactor consistently fall below those of the 20 L 

fermenter, but the best lines of fit through the data points for the two scales have
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the same slope which is very close to the exponent of PgA/ in Van't Riet's equation. 
It is also notable that while the kia data for the miniature bioreactor are lower than 
the 20 L scale the differences are within the expected 40% deviation. Taken 
together the observations based on Figures 3.4 and 3.6 support the view that the 
engineering performance of the miniature bioreactor is adequately described by 
current CFD techniques and that its performance, at least as far as mixing and 

oxygen transfer is concerned, matches those of laboratory bioreactors.

I
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20L Bioreactor 

Vant Riet, 1979
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Figure 3.6: Overall volumetric mass transfer coefficients (♦ )  for the miniature bioreactor
compare well with those obtained in a 20 L (A) fermenter. Data refer to air-water. The two 
scales were operated at different superficial gas velocities and the data for the two scales 
were brought together by assuming kLa a (Vs)°  ̂ as recommended by Van’t Riet (1979). The 
solid line is the relationship reported by Van’t Riet (1979) based on a comprehensive review 
of ki_a data for Rushton turbine impellers. The dashed lines are the ±40%  deviation from 
Van’t Riet’s equation due to experimental uncertainties and different measurement 
techniques.
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3.2.2.3 Challenging the bioreactor

Having established the engineering parameters that define the performance of the 

miniature bioreactor, we used it to explore new process situations. In shaken 

microwell systems, oxygen transfer is normally achieved by surface aeration. We 

challenged the miniature bioreactor by running an experiment in which we 

measured the volumetric oxygen transfer rate, kua, in water with the supply of air to 

the sparger turned off so that any oxygen transfer occurred entirely via surface 

aeration. The results are shown in Figure 3.7 for three values of power input per 

unit volume. The solid line shows the best line of fit for oxygen transfer by aeration 

through the single tube sparger (see Figure 3.4). The relatively low values of kLa 

observed under the condition of surface aeration suggest that most current shaken 

microwell systems for fermentation are likely to run under conditions of severe 

oxygen limitation.

We also challenged the miniature bioreactor by running it in a "bubble column" 

mode, i.e. under conditions where the only form of agitation was provided by the 

flow of air (zero impeller speed) into the vessel. We measured the overall mass 

transfer coefficient for an air flow rate of 1 wm corresponding to the value used in 

our standard air-water and E-coli fermentation experiments. The calculated power 

input per unit volume for this system was based on the method of Ayazi Shamlou 

et al (1995). The overall mass transfer coefficient obtained for this system was 67 

hr^ comparable to typical values obtained under low agitation (PA/ < 100), but 

significantly higher than what was achievable by surface aeration.
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Figure 3.7 Overall mass transfer coefficients were measured ( ♦ )  under conditions of 
surface aeration only. Significantly lower kia data compared to values obtained under aeration 
via a sparger (solid line) indicate that in microwell scale fermentation in shaken systems 
involving oxygen demanding microorganisms may be a potential problem.
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3.2.2.4 The mass transfer during an E.co//fermentation

Measurements of M  in the miniature bioreactor were made for two impeller 
speeds at the end of the fermentation period, during the stationary phase. In these 
experiments care was taken to ensure that during the de-aeration stage in the 
gassing out method the oxygen concentration did not fall below 30% saturation 
(Badino et al, 2001). The results are plotted in Figure 3.8 where the solid line 

shows the line of best fit obtained from the air-water experiments. The results 
indicate that volumetric mass transfer coefficients in the miniature fermenter fall 

within the range reported for conventional mechanically agitated bioreactors.
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Figure 3.8 Overall mass transfer coefficients measured during a fermentation of E.coli in the 
miniature bioreactor (•). The data compares well with the kia obtained for air-water (♦ ).
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It is notable that the concept of power input per unit volume as a scale-up 

parameter successfully links the performance of the miniature bioreactor to 

conventional fermenter. Kostov et al (2001) have provided kia data for a 

magnetically stirred 2 mL miniature bioreactor equipped with optical probes. Using 

E. coll fermentation, values of kua of 9.8 h’\  27.5 h"̂  and 44.4 h’  ̂were reported for 

air flow rate of 1, 2 and 3 wm. These kia values are similar to those reported 

recently by Duetz et al, (2001) for air-water and are lower than values observed 

typically in shake flasks and conventional mechanically stirred systems. By 

comparison kua values measured during E. coil fermentation in the turbine-stirred 

miniature bioreactor at a fixed aeration rate of 1 wm were 6 8  h"̂  and 128 h"̂  at 

power input per unit volume of 413 Wm'^ and 1190 Wm'^ respectively. These are 

well within the range of values observed in conventional mechanically agitated 

systems, as shown in Figures 3.4, 3.6 and 3.7, reported in the literature for air- 

water (Van't Riet, 1979).
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3.3 The characterisation of fluid dynamics and mass transfer in 
shaking microwell systems

3.3.1 Introduction

Microwell plates are frequently used for drug discovery and media or strain 

selection. To provide process information for scale-up requires knowledge of the 

engineering flow conditions in the micro-wells, which is currently lacking.

Here, 24 and 96 well plates with deep, square wells are investigated and compared 

with the miniature bioreactor. These microwell plates are commercially available 

and were thought to be the most suitable size and shape for fermentation.

The 24 well plate is generally used with between 1 and 4 ml of liquid which is a 

comparable to the volume of the miniature bioreactor. The 96 well-plates chosen 

are generally used with between 0.2 and 0.5 ml which is a lot smaller than the 
miniature reactor but very important because this scale is so popular.

As with the miniature bioreactor, computational fluid dynamics data is included 

from a parallel program (Zhang, 2003) as it adds to the understanding of the 

system.

3.3.2 Flow in microwell plates

CFD simulations of the 24-well plate were completed in a parallel project, Zhang, 

2003. When considering CFD of a system such as this one, it is very important to 

include interfacial forces as well as the standard Navier-Stokes momentum 

equation. In this case, the simulation was completed using methods discussed in 

Zhang et al (2003). No turbulence model is required and the energy dissipation 

can be calculated using viscous dissipation terms.
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Figure 3.9 shows results of the CFD simulation of a microwell from a 24-well-plate 

with a square cross-section. The well is filled with 2 ml of water and is being 

shaken with a frequency 1000 rpm and 6  mm shaking diameter. The different 

images show the well at rest and after 0.25, 0.5, 0.75, 1, 1.25 and 1.5 complete 

rotations. Thus showing a range of positions and interface shapes. The shape of 

the gas-liquid interface is very important in this system, as this is where the mass 

transfer occurs.

Figure 3.10 shows the velocity vectors (Figure 3.10a), energy dissipation (Figure 

3.10b) and volume fraction (Figure 3.10c) in the wells under the same conditions 

as in Figure 3.9.

The velocity profile (shown in Figure 3.10a) shows a complex flow system which 

explains the complex surface profiles. Assessment of the local and mean velocity 
profiles for different shaking frequencies and amplitudes revealed that flow 

condition in the well were laminar. The velocity profile also shows good mixing and 

circulation at the surface but far less flow near the base of the well.

Figure 3.10b shows the energy dissipation calculated in the simulation. Accurate 

estimations of power input and energy dissipation rates in such systems are very 

important because of their impact on the rate at which transport processes occur in 

the liquid. Experimental measurement of power input to shaken liquids is made 

difficult because of the lack of commercially available torque meters with sufficient 

sensitivity for this duty. Because the absolute torque and power input in a shaken 

micro-well are low, indirect measurements based, for example, on the power input 

to the electric motor are not appropriate. Energy dissipation varies greatly 

depending on differences in the shape of the well; and volume of liquid; the 

shaking frequency and shaking diameter. The power input is more sensitive to 

changes in shaking amplitude compared to frequency (Zhang et a/, 2003).
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t=0 t=0.015s t=0.03s

1=0.045s t=0.06s t=0.075s t=0.09s

Figure 3.9; CFD simulations of the flows in one well of a 24well plate with deep-square  
wells. The figures show the air-liquid interface varying with time as it is shaken in an orbital 
fashion at 1000 RPM with a shaking diameter of 6 mm. The well starts from rest at time 
t=0 s and completes 1 orbit in 0.06 s. (Zhang, 2003)
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Figure 3.10: The liquid flow vectors (a), energy dissipation (b) and volume fraction (c)
found in one well of a 24-well plate shaken at 1000 RPM with a shaking diameter of 6 mm. 
(Zhang, 2003)
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3.3.3 Mass transfer in a 24 well plate.

Experimental values for the overall volumetric mass transfer coefficient were found 

for the microwell plates using a specially manufactured well of the same geometry 

as the wells on a plate. The oxygen optrode was positioned at the base of the well 

flush with the wall. The degassing experiments were run in a similar way to those 

in the miniature bioreactor.

Figure 3.11 shows the mass transfer coefficients measured with liquid fill volumes 

between 1 and 4 ml and shaking frequencies of between 300 and 1400 RPM. The 

shaking diameter of the Eppendorf Thermomixer was constant at 6 mm.
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Figure 3.11: The overall volumetric mass transfer coefficients found in a microwell plate with
24-deep square wells. The volume of liquid in the wells varies between 1 and 4 ml and the 
shaking frequency varies between 300 and 1400 RPM.
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Figure 3.11 shows that the mass transfer is improved as the shaking frequency is 

increased. This is due to the changing shape of the liquid surface. As the 

frequency is increased the liquid surface tends to move higher at the edge of the 

well, increasing the surface area for mass transfer.

For this work the probe was working at the limit of its capability. As the probe was 

attached directly to the well that was shaking at frequencies of up to 1400 rpm, the 

probe and fiber optic cable was also shaking. At higher shaking frequencies, this 

vibration appeared to cause some drift as the probe moved slightly in its fittings. 

This effect is highlighted by the increasing size of the error bars. When 

measurements are needed over a long time period, such as over the length of a 

fermentation, the drift was far too great. For best results the probe must be kept 

entirely still during use.

Looking at the data shown in Figure 3.11 it is not easy to identify an observable 

trend with regards to liquid volume. This may be due to the errors that occur at 

large shaking frequencies. Above 1000 RPM the liquid volume should be kept 

below 4ml as liquid was seen to be thrown out of the well.

The surface material of shaken fermentation vessels (shake flasks and microwell 

plates) is thought to be an important variable for the rate of mass transfer (Maier & 

Büchs, 2001 and Hermann et al, 2003). In these experiments the surface material 

was Perspex which has a contact angle of -74°. Microwell plates are often 

manufactured from polypropylene or polystyrene, which have contact angles of 

108° and 91° respectively. The larger the contact angle the more hydrophobic the 

material. The hydrophobicity of the materials used is altered hugely if coatings are 

added to the wells (e.g. coatings to encourage cell adhesion). As there are so 

many variable for microwells, data found from this sort of test is only valid for 

exactly the system that has been tested.
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3.3.4 Mass transfer in 96-well plates

The flow and mass transfer in 96-well plates were studied in a similar way to the 

24-well plate described above. The microwell chosen had deep square wells with 

a width of 8 mm and depth of 40 mm. Figure 3.12 shows how the void fraction 

varies during one revolution.

Direction 
of motion

Starting 
point, t=0

F igure 3.12: CFD simulation of gas-liquid volume fraction in a 96-well plate. The well is
being shaken at 1000 RPM with a shaking diameter of 6 mm. The liquid volume was 0.2 ml.

The figure shows the liquid being thrown up the side of the well producing a large 

surface area for mass transfer. The simulation produced other data -  of the same 

type as for the 24 well-plates. The most important result being the values for the 

power dissipated, as this correlates with the mass transfer and is very difficult to 

measure experimentally.
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The mass transfer was measured experimentally in a mimic of one well of the 96 

well-plate. Figure 3.13 shows these results for fill volumes between 200 and 500 pi 

and with shaking frequencies between 300 and 1200 RPM
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Figure 3.13: The overall volumetric mass transfer coefficients found in a microwell plate
with 96-deep square wells. The volume of liquid in the wells varies between 200 and 500 pi 
and the shaking frequency varies between 300 and 1200 RPM.

Figure 3.13 suggests that the mass transfer rises rapidly with shaking frequency. 

The fill volume effects the mass transfer to a lesser extent - the mass transfer 

decreasing as the volume goes up. This is in keeping with the work for 96 well 

plates by Hermann et al (2003), but is very different than is found in shake flasks 

where OTRmax a Vl (Maier and Büchs, 2001).
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3.3.5 A comparison of mass transfer coefficients for different systems.

Figure 3.15 compares the mass transfer coefficients for all of the different systems 

used in this research: the miniature bioreactor; 24 and 96 well plates; and a larger 

fermenter. The dashed line on the graph shows a general line with the equation 

kua oc (PA/)°^ . This line gives an indication of the gradient a line of best fit would 

have if the data correlated using this association.
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Figure 3.14: The overall volumetric mass transfer coefficient for different fermentation
systems.
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The data from all the systems fits in well with the slope of the dashed line. The 

data from the large fermenter ♦ is above other data as it has a high superficial gas 

velocity which is known to be important for the mass transfer (Van’t Riet’s 

correlation, 1979). The superficial gas velocity is 0.007 ms'  ̂ in the large scale and 

only 0.0005 ms‘  ̂ at the miniature bioreactor scale. The shaken systems had no 

airflow. This suggests that PA/ is a good factor for providing information on the 

mass transfer of each system -  but that each system has a different proportionality 

constant, which would have to be found separately for each type of system.

In the data shown, the results from the 96 well-plate agree well with the data from 
the miniature bioreactor. As these systems are so different it is thought that this 

may be a fortuitous coincidence and not due to real similarities between the 

systems. In the case of 24-well-plates the data falls higher than that for the 

miniature bioreactor and the 96 well plate. This implies that the energy dissipated 

in the system may be used efficiently to aerate the system; unfortunately it is very 
difficult to achieve high energy dissipation levels at this shaking diameter.

Table 3.1 shows the amount of biomass that can be supported by the oxygen 

transfer at different mass transfer coefficients. The maximum oxygen transfer rate 

is calculated using the method of Hermann (2003) and the solubility of oxygen in 

the media is calculated using the method of Schumpe et al. (1982). The dry cell 

weight is calculated assuming that the specific rate of respiration of E.coli was 

uncorrelated with the rate of growth with a value of 20mmol of O2 h'̂ g"̂  (dry weight) 

of bacteria, to a first approximation (Marr,1991). Sample calculations can be found 

in appendix 4.

This data puts the mass transfer data into perspective. In general, for an industrial 

fed-batch fermentation of E.coli a final biomass level in the order of 10 g/l (dry cell 

weight) would be expected which requires a kia of approximately 0.27 s '\ If higher 

levels of growth are required oxygen supplemented air can be used (New 

Brunswick Scientific, 2003).

http://wvm.nbsc.com/files/products/fermentors/BioFlo110 ApplicationsEcoli.pdf).
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Table  3.1: The maximum amount of biomass that can be supported by
different mass transfer levels during a fermentation. 
Calculations can be found in appendix 4

Kl3

s '

OTRmax 

Mole L ' h '

Maximum 
Dry cell weight

gL-'

0.01 0.0074 0.37

0.1 0.074 3.7

0.27 0.2 10

1.0 0.74 37

With a shaking diameter of 6 mm it is possible to obtain a kta above 0.01 s'̂  for 

both the 24 well plate and the 96 well plate This could provide oxygen transfer 
rates suitable for many fermentations but would not be able to achieve very high 

biomass levels found in fed batch fermentations run over long periods. Potentially 

a change of shaking diameter could increase the mass transfer capabilities 

significantly -  as suggested by CFD (Zhang et al, 2003).

Although this data suggests that it is easy to match up different fermentation 

systems to obtain similar mass transfer capabilities for completely different 

systems using completely different aeration mechanisms there are other factors to 

be taken into account when choosing fermentation systems. Other important 

factors are levels of turbulence and shear.

In the two shaking systems tested the flows were laminar, the miniature bioreactor 

provides flows that are just turbulent -  at 3000 RPM the impeller Reynolds number 

is about 4000 which is generally considered to be the lower limit of the turbulent 

regime. Larger scale bioreactors tend to give flows that are completely turbulent. 

Sensitive cells may well notice this difference in environment.
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The shear rate, y , found in a flow can be calculated in two ways -

Method 1 ; The shear rate is calculated from the local energy dissipation rate 

using the following relationship (Shamlou & Titchener Hooker, 1993):

■’ 4
(3.8)

Where e is the energy dissipation rate per unit mass and v is the kinematic 

viscosity. As the energy dissipation rate is directly proportional to the power input 

(PA/), systems that have a similar P/V also have similar shear rates -  this is one of 

the reasons that stirred bioreactors are often scaled on a constant power per unit 

volume basis.

Method 2 The average shear rate for flows in a bioreactor can be calculated 

using the method of Metznerand Otto. (1957):

(3.9)

where k is a constant dependent on impeller design and Nj is the impeller speed, k 

has a value of between 10 and 13 if the impeller used is a Rushton turbine or a 

paddle. The maximum shear rate in stirred vessels is far from uniform and the 

maximum shear rate will be far higher than the average value calculated by this 

methods.

Values for the shear rate have been calculated using both of these methods. The 

results obtained for several systems are shown in Table 3.2
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Table 3.2: The shear rate and average shear rate found in different fermentation systems

System Average Shear rate (s'^) 
Method 1

Average shear rate (s’’’) 
Method 2

24 well plate

1000 rpm, D=6 mm 316 N/A

Miniature bioreactor

4000 rpm, 1 wm 2905 867

20L Bioreactor

500 rpm, 1 wm 1126 108

The results give very different estimates depending on the calculation method 

used. All three systems have very different values for shear rate. The miniature 

bioreactor has the benefit that it is easy to manipulate the shear rate by varying the 

impeller speed.

When setting the parameters for a fermentation in the miniature bioreactor, 

constant power per unit volume would be a good starting point. In addition to this 

the impeller speed must be kept above 3000 to keep the miniature bioreactor in the 

turbulent regime. If the system is thought to use a lot of oxygen, it might be 

necessary to increase either the impeller speed or the air flowrate to achieve the 

same oxygen transfer rate as in a large bioreactor. If the system is though to be 

very shear sensitive the impeller speed may need to be reduced to give similar 

shear rates.
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3.4 Examples of Microwell-scale fermentation

3.4.1 Introduction

Fermentations were completed in the miniature bioreactor and shaken microwell 

systems. This was done for two reasons:

■ To demonstrate that the miniature bioreactor was capable of supporting 

fermentations -  fermentations of this type at this scale have never been 

reported before

■ To compare the miniature bioreactor with shaken systems and large scale 

systems.

The intention of this work is “proof of concept” and no attempt at fermentation 

optimizations was made.

Two different fermentation systems were used -  a bacterial system and a 

mammalian cell system.

■ The bacterial system used E.coli DH5a grown on a semi-defined media. 

This is a well characterised organism with growth data in the literature 

(O’Kennedy et al, 2000 and 2003) -  more details in section 2.6.

■ The mammalian cell system used was a hybridoma system obtained from 

ECCAC grown on RPMI media with 10% serum. There is no specific 

literature on the growth of this system but a vast amount on general 

hybridoma growth (Schmid etal, 1990; Miller ef a /1988; Ozturk, 1991)
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3.4.2 Bacterial fermentations

3.4.2.1 Bacterial fermentations in the miniature bioreactor

Figures 3.15a and 3.15b show respectively the variation of dissolved oxygen and 

dry cell weight (g/L) as a function of time for fermentation of E-co//, DH5a, in the 

miniature bioreactor. The data refer to experiments carried out at a fixed impeller 

speed of 1500 rpm corresponding to a simulated mean energy dissipation rate, e, 

of 0.53 W/kg. In each case data are also shown from parallel experiments carried 

out in the 20 L fermenter using standard probes and running under normal 

fermentation conditions described in the section on Materials and Methods. 

Fluorescence-based fibre optic probes, for monitoring of fermentation parameters 

including pH and dissolved oxygen, have been fully described and successfully 
tested previously (Junker ef a/, 1988).

No attempt was made in these experiments to run the fermentations in the two 

scales under comparable conditions. The agreement between the responses of the 

two probes demonstrated by the data in Figures 3.15a and 3.15b therefore are 

encouraging and any differences between the probes are thought to be due to 

differences in the geometry and operational conditions of the two bioreactors.
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Figure 3.15 a and b: The fiber optic response curves for the biomass concentration (a) and the
dissolved oxygen (b) obtained in the miniature bio re actor are compared with profiles obtained in a 
20 L (15 L working volume) fermenter. The data were obtained during a fermentation of E.coli. 
No attempt was m ade to run the fermentation in the miniature bio reactor under optimum 
conditions. The difference in profile of the two scales are thought to be due to difference in the 
geometrical configuration of the two systems.
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3A2.2 Bacterial fermentations in 3 different systems

E. coli fermentations were completed in four different systems the details of these 

systems are listed in Table 3.3

Table 3.3: Fermentation systems

Vessel type Working
volume

Vessel
volume

Impeller/shaking
speed
(RPM)

1 Miniature bioreactor 6 ml ~10 ml 1500

2 Standard bioreactor 15L 20 L 530

3 Shake flask 50 ml 250 ml 200

4
Microwell Plate 

Deep square wells 4 ml 10 ml 1000

The biomass profiles of fermentations using the above systems are shown in 

Figure 3.16. In each case the fermentation had a final optical density value of 

approximately 5 which relates to a biomass level of approximately 1.6 g/l. This is 

the same as that found by O’Kennedy (2003) for batch fermentations in shake 

flasks and a 5 L fermenter. The final biomass level is not very high due to the way 

that the systems are run with semi-defined media, no pH control and no feeding.

The other similarity between the profiles is the steepest gradient of each of the 

curves. The gradient relates to the maximum growth rates achieved in the 

fermentation. In this case although they are similar to each other they are not 

similar to those found by O’Kennedy. It took 10 hours for his shake flasks to reach
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an OD625 of 5. In this work it took up to 5 hours. This is due to the 6.9 kb plasmid 

(pSVp) in O’Kennedy’s strain. It is standard for the growth rate to be reduced by 

between 12.5 and 30 % by the addition of this plasmid (O’Kennedy, 2000).

The differences in the profiles are due to a variation in the length of lag phase of 
the fermentations. This is probably due to the methods used which may need to 
be perfected if the lag phase is to be removed.
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Figure 3.16: Optical density profiles during different fermentations of E.coli D H5a
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3.4.3 Mammalian cell culture at microwell scale

Hybridoma cells were grown in the miniature bioreactor and a lab-scale bioreactor. 
The fermentation data from the lab scale fermentation is shown in Figures 3.17 and 
3.18. The data from the miniature bioreactor is also included in Figure 3.17.
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Figure 3.17: The biomass levels during a hybridoma cell culture at 1 L and 6 ml scales.

Figure 3.17 shows that the profiles of total cell number in the fermentations at the 
two different scales are very similar despite the different starting points.
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Figure 3.18: Data from a 1 L hybridoma cell culture, (a) shows the Temperature,
Dissolved oxygen and pH profiles where as (b) shows the levels of glucose, lactate and 
antibody found in the media during the fermentation
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Figure 3.18 a and b show the typical data that is collected during cell culture. In 

this case temperature, pH and dissolved oxygen are measured online whereas 

glucose, lactate and antibody levels are monitored off line.

Cells grew exponentially for the first 48 hours following inoculation. Glucose 

concentrations decreased during the growth phase and lactate was produced. After 

the exponential growth phase the viability dropped and the culture declined. 

Antibody was produced continually during both the growth and decline phases.

Glucose and lactate (and also glutamine and ammonium) are important 

metabolites to monitor as they indicate what phase of growth the cells are in and 

what the limiting factors are. This gives information on the condition and age of the 

cells as well as what stresses they might be under. Ideally this type of analysis 

would be completed during cultures grown in the miniature bioreactor.

Due to the small culture volume in the miniature bioreactor samples were not 

removed during the fermentation for antibody level, metabolite usage and cell 

viability measurements. However, a final sample was taken and these values were 

measured. In the data shown, the culture was stopped after 48 hours to allow the 

measurements of these variables during the exponential growth phase. The 
values for pH, viability, and metabolites levels were then measured -  the results 

are shown in Table 3.4. For comparison, data from the 1 L culture are included in 

Table 3.4. The data is for the culture at a time of 54 hours after inoculation when 

there is a cell number of 9.2 x 10® cells/ml in the 1 L culture -  similar to that found 

at the end of the 6 ml culture.

In general the measured values for the two cultures are similar. It should be noted 

that the large difference in cell viability between the two scales is due to a low 

starting viability for the 6 ml culture -  the viability of the inoculum was 86%.
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Table 3.4: Comparison of fermentation variables at two different fermentation scales with a
biomass level of -9 .2  x 10® calls/ml.

Measured parameter 6ml 1L

PH 7.05 7.04

Viability 87% 98%

Lactate produced 0.6 g/l 0.5 g/l

Glucose used 0.5 g/l 0.5 g/l

Antibody level in media 16.1 mg/l 14.5 mg/l

Table 3.4 shows that the two fermentations are growing in a similar way. The 

metabolite and antibody level of a system is a very good indicator of how the cells 

are growing as it can be dramatically affected if the cells are put under any kind of 

stress. Although these results suggest that the two fermentations are growing in a 

similar way, more work is required to ensure that this is the case throughout the 

entire culture -  The bioreactor needs to be run for longer than 48 hours and if 

possible samples should be taken throughout the growth.

3.5 Concluding Remarks

The mass transfer coefficient in the miniature bioreactor was measured under 

different conditions. The results compare well with data obtained from a 20 L 

bioreactor.

E.coli and hybridoma cells were cultured in the bioreactor -  in each case the 

growth profiles were similar to those found in larger vessels.

The mass transport and power dissipation characteristics of standard, shaken 

microwell plates were studied. It was not possible to vary the power input per unit 

volume by a significant amount -  implying that it is also difficult to vary the mass 

transfer in such systems to the desired value.
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Chapter 4 -  The impact of the introduction of the miniature 
bioreactor to the management of fermentation process 

deveiopment

4.1 introduction

In this thesis the design of a novel miniature bioreactor has been presented. The 

bioreactor has the potential for high throughput automated fermentations. The 

design and testing of various aspects of the miniature bioreactor has been 

discussed in detail. Example fermentations have been shown and the results are 

included in chapter 3. All of this work is “proof of concept" work that shows that a 

system similar to this one could be used for growing cells.

The results from this work have suggested that such a system could be useful for 

process development after some refinements are made. The next step is to define 

how this system can be most useful as a tool for fermentation development and to 

set the specifications for such a system. In turn this will allow a plan for 

commercialising the product to be created.

The following chapter provides the following:

■ A discription of the best way to utilise the miniature bioreactor to improve the 

development process.

■ An estimation of the impacts of a system like this on the management of the 

process development pathway.

■ A specification of the important features for such a system.

This chapter is included to satisfy the engineering doctorate course requirement. It 

must show an understanding of the management of biopharmaceutical 

development.
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4.2 The optimum way to use the miniature bioreactor as a tool for process 

development

Section 1.3 summarised process development and in particular the places where 

this pathway could be improved for a smoother ride. The process development 

pathway has three stages:

■ Process research

■ Pilot development

■ Technology transfer and start-up.

The miniature bioreactor would only be used for the first of these stages - process 

research - but this could easily have a knock-on effect for the other stages as 

process definition at an early stage is improved.

Cell line evaluation is one of the very first stages of process research. By testing 

large numbers of different strains the best strain can be identified. This is 

traditionally completed in shake flasks but more recently microwells have been 

used to allow a greater number of trials.

The disadvantage of microwells for this use is that there is very little monitoring 

available for this sort of system, it could be that the system is running in a non-ideal 

way -  for example, the strain that produces the most product in oxygen limited 

conditions is unlikely to be the best strain at the production scale. It is important 

that the microwells are run in a suitable way -  e.g. with the correct selection of 

shaking parameter.

The miniature bioreactor could be used in a high throughput way for this 

application if many fermenters were together on a single unit. The extra monitoring 

available would ensure that the conditions were suitable for fermentation but the 

system would probably end up very expensive and a shaken system run with the 

correct settings would suffice.
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Exploring process options -  After the evaluation of the cell line, several of the 

best cell lines are usually selected to go through to the next evaluation stage. 

Each of the cell lines will be grown under various processing conditions -  varying 

such things as: temperature, pH, impeller speed, feeding strategy...

This step is usually completed in bench scale bioreactors, as the majority of these 

conditions are difficult to mimic in shake flasks or microwells. The miniature 

bioreactor is an ideal high-throughput technique to achieve these types of trials, as 

it would allow many more options to be explored using fewer resources.

4.3 The impact of miniature bioreactor systems on process deveiopment of 

fermentation systems

If this system worked as intended there would be a variety of impacts through-out 

process development. Here these impacts have been divided down to the different 
process development tasks for clarity:

4.3.1 impact on process research

Using the miniature bioreactor for process development in the way described 

above would create far more data than using standard methods. Thus allowing a 

better understanding of the system allowing very smooth scale-up. The data would 

be of a high quality -  unlike shake flask experiments parameters such as dissolved 

oxygen levels would be monitored to ensure the fermentation is running at 

optimum conditions.

The system is far less labour intensive than lab-scale bioreactors allowing more 

results from fewer resources -  this could mean that a different (better) strain is 

chosen giving a far more efficient process. As the system is so much smaller than 

lab scale bioreactors less floor space and media is required.

In general more information about the best possible process would be found in a 

shorter amount of time.
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4.3.2 Impact on pilot development, scale-up and production of material for clinical 
trials

If the miniature bioreactor were used as described above, a huge amount of the 

process development work could be completed at a small scale in a very small 

amount of time.

It is likely that more data on the best process would be obtained before the pilot 

development stage -  hopefully it would be possible to directly scale up to pilot 

scale with a process that is very close to the final scale.

It is very important for the validation of a process that the product finally on the 

market is the same as the product that was used for clinical trials. As process 

screening increases the speed of development, it should be possible to ensure that 

even phase 1 trials are completed with material produced using a near-final 

production technique.

4.3.3 Impact on technology transfer and start-up

Here there should be a knock-on effect from the initial development stages running 

quickly and smoothly. As the process should be well understood, start-up should 

run directly as planned with no delays.

4.3.4 Impact on the development of purification processes

The development of purification techniques tends to run parallel to fermentation 

optimisation. Material must be provided for the purification development. This 

material must be as similar to that produced using the final production process as 

possible as slightly different media or impurities could effect the down stream 

processes enormously. The process parameters should be locked more quickly -  

so the material provided for purification development will be very similar to that 

from the final production process.
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As the volume of the reactor is small (6 ml) any material made for the downstream 

processing development might have to be made in a completely different system. 

The material given for development of the downstream process should be very 

similar to the final fermentation product as the fermentation development should be 

completed more quickly.

4.3.5 Impact on overall process development and process development strategy

Using high throughput miniature bioreactors would create more process 

optimisation information more quickly using fewer resources.

Apart from the obvious economic reasons, there are other impacts on the strategy 

for process development:

■ Process locked earlier

■ There is a lower chance that an unsuitable strain will be chosen - which 

could create a very poor process

■ A drug candidate that does not have a viable process can be dismissed at 

early stages of process development instead of wasting valuable process 

development resources.

■ Fewer delays in the production start-up ensuring a low time to market.

4.4 Creating a viable product from the miniature bioreactor

All of the work in this project has been proof-of-concept work -  high throughput 

activities have frequently been mentioned, yet only one well has been built. If this 

idea were to be implemented there would have to be some significant changes to 

the design to allow for repeat units. These changes are considered below.
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4.4.1 Specifications for miniature bioreactor

Up until now very little consideration of the final product has been made in the 

design. In this section the different options for a commercial product are 

considered. The main aim is to provide a system that would interest a company 

who completes a lot of fermentation development. It is expected that this type of 

system would be run alongside microwell plates as a second level of high 

throughput screening -  used for selecting processes. The cost of the system is 

considered but not to the extent of a full cost analysis.

The following are details that must be taken into account when the system is 

converted to a useful product:

■ Number of multiple units

One of the main benefits of this system compared to a 1 L fermenter systems is 

that multiple units could easily be run with little extra effort than running one. A 

reasonable number to have in one block would be about 16 or 24. A small 

number would not be viable as the instrumentation is expensive but a huge 

number is not sensible as the system would get bulky and difficult to handle. It 

would be ideal if the system could fit in quite a small autoclave and perhaps 

take the same amount of bench space as 1 laboratory fermenter.

■ Instrumentation

The system instrumentation would be similar to that built for this thesis. 

Monitoring would include: pH, dissolved oxygen and biomass levels. Optical 

fiber probes would be present in all vessels but only one set of light sources 

and 1 miniature spectrometer would be used for the whole block and each 

vessel would be measured sequentially using optical fiber multiplexing.

■ Automation and Control

The system would have the capacity for temperature, impeller speed and pH 

control and the possibility of feeding of cultures.
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Mechanical considerations

The vessels themselves would be very similar to the miniature bioreactor itself 

(see Figures 2.2 and 2.3). The size and shape would be similar but 24 would 

all be mounted on one block for ease of use.

As the impeller is driven using a flexible drive it is possible that several 

impellers could be driven with one drive.

There should be a septum for sampling or inoculation.

General usage

For this system to be useful it must not require much man power. The ideal 
would be if one block (i.e. 16 or 24) took the same amount of time for set-up as 

a standard lab scale fermenter. For this to be the case certain alterations would 

have to be made, to provide easy cleaning, probe calibration and sterilisation.

4.4.2 Possible integration of units

All of the points mentioned above would be fitted together using a system such as 

that shown in figure 4.1. Containing different modules all controlled using a PC.

There are a few such systems already on the market such as the d a s d ip  fedbatch- 

pro® system and the Infers HT Profors®. The advantage of the miniature 

bioreactor considered here is the very small size of the bioreactor (6 ml); the 

agitation method (motor driven impellers) and the greater understanding of the 

mass transfer characterisation reported in this thesis.
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Figure 4.1 A diagram showing the DASGIP fedbatch-pro® system. Diagram copied from 

http://www.dasgip.de

4.4.3 Design notes

There are several interesting questions/issues that have to be addressed during 
the design of a commercial system. These are summarised below:

■ Is there any way that the system can be made disposable?

Many groups are very fond of disposable systems such as polystyrene 
microwell plates as they reduce the time required for tasks such as cleaning 

and sterilising. In this case it is not economically viable due to the complexity of 
the bioreactor. If disposability is an important requirement it would be best to 
complete the work in microwell plates.

■ Is instrumentation required in every miniature bioreactor or just a fraction of 

them?

This depends on exactly how the fermentations will be run. For example, if it is 
thought that the aeration system will ensure sufficient oxygenation of the media,
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there is a potential that early stage screening does not require full dissolved 

oxygen monitoring. If however the system is to be used to get a deeper 

understanding of the fermentation process then dissolved oxygen will need to 

be monitored as it would at other scales.

■ Is feeding / pH-control possible at this scale?

At this scale it becomes very difficult to get accurate dosing using liquid 

handling systems. A specialised system would need to be set-up to cope with 

the volumes and ensure that the dead volumes are not significant.

4.5 Concluding remarks

The miniature bioreactor would be best used alongside microwell plates for high 

throughput screening. All initial screening of media and strains should be 

completed in microwell plates at suitable settings to ensure sufficient oxygen 

transfer. A proportion of the best strains from these initial trials should be taken 

and a more complete test should be completed in the miniature bioreactor with 
greater monitoring and control that would allow an understanding of the system 

that allows informed descisions as to the best strain for large scale production.

The miniature bioreactor could then be used to screen different processing options 

including fed batch systems and pH control. This would allow a speedy 

development of a good quality fermentation system.

Use of the miniature bioreactor would have impacts throughout the development 

process in terms of a greater understanding of a fermentation system earlier in the 

development cycle thus ensuring that delays at start-up do not occur.

To ensure that the miniature bioreactor can achieve all of this certain changes 

must be made. The major changes to be made are to allow for a block of 16 to be 

controlled using one automated, monitoring and control unit.
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Chapter 5 - Validation

5.1 Introduction

As part of the engineering doctorate course requirements, an understanding of 

validation and regulatory procedures must be shown. This chapter is required as 

part of the assessment of this course.

For any pharmaceutical product to be marketed in a certain country they must 

undergo strict testing to check that they are suitable for use and do not cause 

harm. This testing includes testing the product itself using clinical trials and the 

process to check that it is suitable for production of substances for human 

consumption.

This chapter gives an overview of this process and describes the validation of a 

fermentation system and discusses the aspects of the miniature bioreactor that 
must be validated if it is to be used in the process development of a 

pharmaceutical.

5.2 Validation procedure

The United States’ Food and Drugs Administration (FDA) is responsible for 

licensing all new drugs that are sold in the USA. There are equivalent regulatory 

organisations for other parts of the world, such as the EMEA in Europe. This 

section describes the processes that a product must go through before it can be 

put on the market. Table 5.1 indicates the time required for the different stages 

and the probability of success.

The FDA requires that the pharmaceutical industry follow careful scientific 

procedures to ensure patient safety in four distinct stages:

1. Pre-clinical safety assessment.
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2. Pre-approval safety assessments in humans.

3. Safety assessment during FDA regulatory review.

4. Post marketing safety surveillance.

It is alongside stages one and two that process development occurs as the process 

must remain consistent throughout the review and manufacture stages.

■ Stage 1: Pre-clinical Safety assessment (PhRMA, 2002)

A pharmaceutical company conducts laboratory and animal studies to determine 

the biological activity of a compound against a targeted disease, and the 

compound is evaluated for safety. The goal of preclinical animal studies is to 

characterise any relationship between increased doses of a drug and toxic effects 

in the animals. The development of a drug is terminated when tests suggest that it 
poses a significant risk for humans - especially organ damage, genetic defects, 

birth defects, or cancer.

■ Stage 2: Pre-Approval Safety Assessment in Humans

A drug sponsor can begin clinical trials in humans once the FDA is satisfied that 

the preclinical animal data do not show an unacceptable safety risk to humans. It 

usually takes many additional years for a clinical development program to gather 
sufficient data to prepare a New Drug Application (NDA) seeking FDA regulatory 

review to market a new product. Clinical trials are conducted in three stages, a 

summary of different stages of the trials can be found in Table 5.1:

■ Phase I: Drugs are evaluated for safety in healthy volunteers in small initial 

trials. The first trial is conducted with a single dose of the drug. If the drug is 

shown to be safe, multiple doses of the product are evaluated for safety in 

other clinical trials.

■ Phase II: The primary focus of phase II clinical trials is to evaluate the safety 

and efficacy of the drug. Second stage trials are conducted with patients
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instead of healthy volunteers. Data are collected to determine if the drug is 

safe for the patient population intended for treatment.

■ Phase III: These large trials evaluate safety and efficacy in groups of 

patients with the disease to be treated, including the elderly; patients with 

multiple diseases, those who take other drugs, and patients whose organs 

are impaired.

A sponsor then submits an NDA to the FDA for approval to manufacture, distribute 

and market a drug in the USA based of safety and efficacy data obtained during 

the clinical trials. The FDA usually completes its review of a "standard drug" in 10 

to 12 months.

Table 5.1 Development time scales of the different stages of Clinical trials and approval. (Birch, 
2001) and Phrma 2002.

Clinical
Phase

Time
Years

Probability 
of success

No. of 
patients

Notes on process 
development

Pre-clinical
1-3 <5%

Process development and 
manufacturing may be on 

critical path to meet tox/phase 
1 requirements

Phase 1 Up to 
1

10-20% 20-80
Healthy

volunteers

Optimisation as required -  
keep costs low. Use cGMP 

manufacture

Phase II Up to 
2

40-60% 100-300
Patients

Substantial development 
required. Use cGMP 

manufacturing

Phase III 1-4 0-80% 1000-5000
patients

Pre-licensing activities

Regulatory 
submission 

& review

1-3 80-100%
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5.3 Validation of fermentation processes

As well as regulatory requirements and gaining approval, thorough validation of a 

procedure has other benefits such as increasing the robustness and reliability of a 

process and reducing the number of failed batches.

5.3.1 Fermenter validation

The validation of a fermentation starts with the validation of the fermenter. The 

majority of this (-90%) is completed as part of installation of the equipment but the 

other 10% is product and process specific. This consists of the following two 

steps:

1) Installation Qualification (IQ): Installation qualification studies establish 

confidence that the process equipment and ancillary systems are capable of 

consistently operating within established limits and tolerances (FDA). For a 

fermenter, this implies confirming that the sterilisation in place (SIP) and Cleaning 

in place (GIF) systems work sufficiently. Temperature mapping to ensure that 
there are no cold spots. Ensuring that the instrumentation and aeration systems 

work as designed.

2) Operational qualification (OQ): This provides documented verification that 

the equipment and ancillary systems perform as intended throughout anticipated 

operating ranges (PMA).

5.3.2 Cell bank validation

This is a very important part of the validation procedure as without reliable cell 

banks; the process will never be robust and reproducible. The creation of cell lines 

and strains is often poorly documented but formal characterisation of cell lines or
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strains is very important -  considerable documentation is required on the 

development genetics required at the marketing application stage. The cell bank 

must also be tested for contaminants and stability.

5.3.3 Computer validation

The majority of fermentation systems are computer controlled to some extent. It is 

important that the control systems are tested to ensure that they work correctly in 

terms of pre-determined specifications.

5.3.4 Process performance validation

Process performance qualification (PQ) is the documented evidence that the 

process operated within the established parameters performs effectively and 

reproducibly to produce a product meeting it's predetermined specifications and 

quality attributes (PMA).

In the case of fermentation this requires a robust fermentation system that is 

reproducible in terms of biomass, product and impurity levels. Generally at least 

three conformance batches are run -  these must be run using exactly the same 

equipment and protocols as would be produced during the routine marketing of the 

product.

Information generated during the development stage should be used to identify the 

critical pharmaceutical process parameters which may need to be examined and 

possibly controlled in order to ensure batch to batch reproducibility. In order to 

define these critical parameters it may be necessary to disturb or stress the system 

by making deliberate changes to demonstrate the robustness of the process and 

define the limits of tolerance, (emea, 2000).
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5.4 Relevance of the miniature bioreactor

The emea (2000) define three different scales use in the development of a 

manufacturing process:

1) Laboratory scale

These are produced at the research and early development laboratory stage; they 

may be of a very small size (e.g. 100 -  1000 x less than production scale).

The purpose of these batches is the definition of critical product performance 

characteristics and thereby to enable the choice of the appropriate manufacturing 

process

2) Pilot scale

Pilot batch size should correspond to at least 10% of the future industrial-scale 

batch. The role of pilot scale batches is to enable smooth passage to the industrial 

scale product without major production difficulties, by developing and optimising a 
robust and reproducible manufacturing process.

3) Industrial scale

These batches are of the size which will be produced during the routine marketing 

of the product.

The miniature bioreactor is obviously much smaller than all of these scales. The 

scale down factor is likely to be of the order of 100,000 or more. Despite this large 

scaling factor it is thought that they can provide useful data for process 

development. It is possible that information gathered from studies using the 

miniature bioreactor could show an understanding of a process or could be used to 

set critical process parameters. However, if this information were to be used for 

regulatory means proof of comparability between scales would be required.
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The type of data that would be required to show comparability of scales -  right 

down to the miniature bioreactor would be:

■ Comparability of growth throughout the entire fermentation

■ Comparability of productivity throughout the entire fermentation

■ Comparability of product quality -  in terms of quality, glycosylation, etc

Each of these things should be tested over a number of scales to ensure that the 

mimic is valid and to check the extent of the comparability.

5.5 Concluding remarks

To ensure that pharmaceuticals are safe for human use strict regulations are 

enforced such as those of the Food and Drugs Administration (FDA). Part of this 

regulatory process for a biopharmaceutical includes the validation of the production 
process. This is the act of demonstrating and documenting that the production 

process operates effectively.

Important parts of the validation procedure for a fermentation process are the 

installation and operation qualifications which show that the fermenter operates as 

it was designed to. The next step is the process performance qualification to show 

that the fermentation process itself runs as it was designed to.

Research and development work which aids the understanding of how a process 

operates is often included in validation documentation. The miniature bioreactor is 

below the suggested scale for laboratory scale development work (emea, 2000). If 

information obtained from miniature bioreactor studies were used for validation 

purposes it would require extra studies to prove the comparability between the 

miniature bioreactor and larger systems.
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Chapter 6 - Conclusions and further work

6.1 Conclusions

In this thesis a new miniature gas-liquid bioreactor was described. Experimental 

analysis was used to establish its performance as a fermenter.

The bioreactor was designed to have the same diameter as that of a single well of 

a 24-well plate but was mechanically agitated and aerated such that its operation 

mimicked the flow conditions in a conventional mechanically stirred reactor. The 

miniature bioreactor was instrumented with micro-probes for measurement of 

fermentation parameters including dissolved oxygen, pH, temperature and optical 

density.

The overall mass transfer coefficient was measured in the miniature bioreactor 

using the gassing-out technique. Model systems such as pure water, salt water 

and E-coli fermentation were measured and the results compared well with data 

obtained from a 20 L (15 L working volume) bioreactor.

The volumetric mass transfer coefficient was measured for 96 and 24 microwell 

plates. In each case microwell plates with deep, square wells were used. A mimic 

of one well of the plate was manufactured from Perspex. The mass transfer 

coefficients were measured at various different liquid volumes and shaking speeds.

The microwell plates achieved low mass transfer coefficients compared to the 

large-scale bioreactor but sufficiently high to support a reasonable amount of 

growth. Increasing the shaking speed and decreasing the liquid volume increases 

the mass transfer coefficients for both sizes of wells but to a different extent in 

each case. In general, each microwell plate needs to be considered separately 

due to the large effect that microwell size, shape and surface properties has.
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All of the different systems studied (both stirred and shaken) correlate with an 

expression of the type: kia oc (PA/)° ̂  in each case the proportionality constant is 

different.

Two test fermentations systems were used -  A bacterial system and a mammalian 

cell system. Fermentations completed in the miniature bioreactor compared well to 

large-scale fermentations for both of these systems.

If the multiple miniature bioreactors were to be used as a process optimisation tool 

during process development it could have a great impact. The development as a 

whole should run more smoothly as more information can be gathered about the 

process at a very early stage of development. It would have the most impact 

where there is a great shortage of process development resources. The miniature 
bioreactor would have to be developed a great deal to allow a high throughput 

automated system that was flexible and easy to use.

In order for the miniature bioreactor to aid the development of a process to produce 

therapeutics it would need to be validated. This would involve proving that it is a 

good mimic of larger scale systems and that the fermentations produce results that 

are comparable in all aspects. Once this is complete, process information 

gathered from miniature bioreactors could be used to aid the validation of a large- 

scale fermentation by providing a greater understanding of the process.
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6.2 Suggestions for further work

The work in this thesis considers novel apparatus; the equipment is not fully 

developed. The following section suggests some further work that would be 

required to further test and develop the prototype in order to produce a useful piece 

of equipment. This section will be split into four parts: the first considers using the 

reactor for purposes other than fermentation -  i.e. chemical reactions; the following 

two parts will discuss further work associated with the use of the miniature 

bioreactor for fermentation and the final part will discuss work required using 

shaken microwell systems.

6.2.1 The miniature bioreactor -  for chemical reactions

The system used during this project was designed to be used for fermentation. 

The work has shown that the system provides good mixing and gas-liquid mass 

transfer. This suggests that a miniature reactor of this type could be useful for a 

variety of other chemical systems where these conditions are required at a small 

scale. The system could be used to mimic iarger operations of this type for 

process development uses. It has not been tested for any reactions other than cell 

growth and further work would need to be completed to check its suitability for 

chemical systems.

6.2.2 Development of the miniature bioreactor

There are several practical aspects of the miniature bioreactor that need to be 

completed before any further fermentation system testing can be completed. 

These are:

• The pH measurement system has not been implemented during 

fermentation. This must be completed to ensure that this does not give any 

further complications.
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During work sparging air through cell culture media, problems occurred 

resulting in liquid overflow -  these problems must be overcome.

It would also be beneficial to add on a feeding system that allows fed-batch 

fermentations and pH control.

Before this type of system could be used as a tool for high throughput process 

optimisation several thing would have to be done:

■ The design of the bioreactor would have to be altered to allow multiple 

bioreactors and all of the monitoring and control systems would have to be 

put in place. Reliability and ease of use would have to be a key feature.

■ Thorough testing of all aspects of the comparability between the miniature 

bioreactor and larger scales is needed. This would validate the system as a 

mimic of larger scales.

■ A methodology needs to be made for the best way to use the miniature 

bioreactors in the process development context.

6.2.3 Testing the miniature bioreactor

The work in this thesis includes “proof of concept" fermentation and cell culture 

runs. It does not include a comprehensive study of the miniature bioreactor for 

fermentation or cell culture work.

Further work using a bacterial system with a high final biomass and measurable 

product would be beneficial. This work should comprehensively test the use of the 

miniature bioreactor to: obtain process data, ensure that this data is useful for 

scale-up and test that high cell densities can be produced.

As bioreactors used for mammalian cell culture have different demands than those 

used for bacterial growth -  this aspect should also be tested thoroughly with a
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suspension and serum free adapted cell line, as these tend to be more shear 

sensitive. The results must be thoroughly compared with larger scales to see what 

differences the varying turbulence, shear rates and mixing times make on the 

system -  thus allowing an appraisal of the suitability of the system for this type of 

work.

6.2.4 Improvements to shaken microwell systems

Work completed for this thesis looked at the mass transfer in microwell plates with 

varying liquid volume and shaking speed. The shaking diameter is also thought to 

make a difference to the mass transfer -  this should be investigated 

experimentally.

The data in this thesis suggests that the mass transfer in microwells is sufficient for 

a certain amount of cell growth. However cell growth in microwell plates has been 
found to be different in shaken systems and stirred ones. The reason for these 
differences should be investigated. This would allow the design of shaken systems 

that mimic large-scale bioreactors more closely.
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List of Symbols and abbreviations

Abbreviations

kua Overall volumetric mass transfer coefficient

DT Disk turbine

OTR Oxygen transfer rate

OTRmax Maximum oxygen transfer rate

CHO Chinese Hamster Ovary

CFD Computational Fluid dynamics

RPM Revolutions per minute

List of symbols

a Interfacial area available for mass transfer

Cd Drag coefficient

AC Concentration driving force for mass transfer

Cl* Equilibrium Liquid phase dissolved oxygen concentration

Cl Liquid phase dissolved oxygen concentration

Cg Gas phase oxygen concentration

Cm Normalized oxygen concentration

Cp Normalised dissolved oxygen concentration
measured by the probe

d Shaking diameter

db Sauter mean bubble diameter.

D Maximum Diameter of shaken vessel

Dgl Diameter shake flask at the gas-liquid interface

De Apparent diffusivity of cotton bung
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Di Impeller Diameter

Dj Bubble diameter

D02  Oxygen diffusivity in the liquid phase

Dt Tank Diameter

Dw Microwell diameter

F Drag force

g Gravitational acceleration

H Henry’s constant

Hi Impeller height from the tank bottom

Hl Liquid height

I Fluorescence intensities measured
in the dissolved oxygen probe

lo Fluorescence intensities with no oxygen present

k Turbulent kinetic energy

K Resistance to mass transfer at the gas-liquid interface

kt Liquid mass transfer rate constant

Ksv Stem-Volmer quenching constant for optical oxygen probe

Kt overall oxygen transfer coefficient including transfer bung

mj The number of bubbles with diameter Dj

n Number of impellers

N shaking frequency

Nc critical shaking frequency for complete mixing

Ni Impeller speed

Ncrit Critical shaking frequency for mass transfer in microwells

P Ungassed power

Pg Gassed power
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Q Volumetric gas flowrate

r Volume fraction, radial co-ordinate

t Exposure time

tc Circulation time

tm Mixing time

T Torque

U Velocity

Vs Superficial gas velocity

V System volume

Vl Liquid volume

z Axial coordinate

Greek Letters

a Liquid phase, proportionality constant (equation 1.9)

P Gas phase, proportionality constant (equation 1.9)

s Energy dissipation

p Liquid density

p Liquid viscosity

a Surface tension

V Kinematic viscosity of the fluid

X Probe response time

^ Liquid-phase diffusivity

0 Angular co-ordinate
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List of Dimensionless Groups

Re, Impeller Reynolds number Re.- =
N ,D}p

Re.

Np

Shaking Reynolds number

Power number

Re, =

N p =

ND^p

P
pN fD f

F1 Flow number

Fr

Sc

Froude number

Schmidt number

F r =

Sc =

N^D

g

M
P-^o.
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Abstract

A new miniature bioreactor with a diameter equal to that of a single well of a 24-well plate is described and its engineering performance 
as a fermenter assessed. Mixing in the miniature bioreactor is provided by a set of three impellers mechanically driven via a microfabricated 
electric motor and aeration is achieved with a single tube sparger. Parameter sensitive fluorophors are used with fibre optic probes for 
continuous monitoring of dissolved oxygen tension and an optical based method is employed to monitor cell biomass concentration during 
fermentation. Experimental measurements are provided on volumetric mass transfer coefficient for air-water and bacterial fermentation 
data are presented for Escherichia coli.

The local and average power input, energy dissipation rate and bubble size are derived fi’om an analysis of the multiphase flow in 
the miniature bioreactor using computational fluid dynamics (CFD). Volumetric mass transfer coefficients are predicted using Higbie’s 
penetration model with the contact time obtained from the CFD simulations of the turbulent flow in the bioreactor. Comparative data are 
provided fi'om parallel experiments carried out in a 20 1 (15 1 working volume) conventional fermenter. Predicted and measured volumetric 
mass transfer coefficients in the miniature bioreactor are in the range 100—400 h~', typical of those reported for large-scale fermentation. 
Crown Copyright © 2003 Published by Elsevier Science Ltd. All rights reserved.

1. Introduction

The realisation that there are approximately 30,000 genes 
in the human genome has shifted drug discovery research 
significantly towards proteomics and away from genomics. 
Currently, the available drugs on the market target nearly 
500 of the estimated hundreds of thousands of human pro
teins with the expectation that this number will increase 
by a factor of 10-100 in the next few years. A major 
challenge for drug discovery now is to elucidate the rela
tionship between proteins produced by each gene and dis
ease. In this respect, advances in proteomics and automated 
high-throughput screening based on the shaken micro well 
plate system have provided the technology platform for a 
significant increase in the number of potential drug candi
dates that are likely to come forward. A related challenge 
that is yet to be addressed is the need to define the conditions 
for the translation of results from the microwell system to

* Corresponding author. Tel.: 4-44-20-7679-3841; 
fax: 4-44-20-7679-3943.

E-mail address: p.shamIou@ucl.ac.uk (P. Ayazi Shamlou).

conventional laboratory scale. For example, in the case of 
Escherichia coli fermentation, while a number of discovery 
companies now routinely run fermentation in a 24-well plate 
to produce small quantities of proteins for crystallographic 
studies, scale-up to laboratory fermentation, typically up to 
10 1, is proving difficult to achieve. The ability to scale-up 
such information and the capacity to generate process data 
from unit operations carried out at the microwell scale have 
become important issues in the development pathway of 
a new drug. This has provided the motivation for a few 
recent studies on microwell scale bioprocessing, including 
the present investigation the aim of which is to describe the 
engineering design of a miniature bioreactor and assess its 
use as a fermenter.

Shaken flask fermentation, with working volumes be
tween 50 and 500 ml, has been used with very little change 
for over five decades for cell growth culture, media screen
ing and cell expansion (Kato, Hiraoka, Tada, Lee, &  Koh, 
1999; Buchs, 2001; Rhodes & Gaden, 1957; Maier & Buchs, 
2001). “Instrumented” shake flasks have been used recently 
to establish bulk mixing and oxygen transfer in these sys
tems and work is in progress to establish the relationships

0009-2509/03/$ - see front matter Crown Copyright © 2003 Published by Elsevier Science Ltd. All rights reserved, 
doi: 10.1016/80009-2509(02)00604-8
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between these parameters and cell growth and product yields 
(Anderlei & Buchs, 2001 ; Weuster-Botz, Altenbach-Rehem, 
& Arnold, 2001).

The automated shaken microwell system has been used 
in a few of recent publications to obtain process informa
tion on biological materials. These include studies on bacte
rial fermentation (Weiss, John, Klimant, &  Heinzle, 2001b; 
Duetz et al., 2000; Duetz & Witholt, 2001 ), animal cell cul
tures (Girard, Jordan, Tsao, & Wurm, 2001) and biotrans
formation (Doig, Pickering, Lye, & Woodley, 2001; Weiss, 
John, Klimant, &  Heinzle, 2001a). As far as oxygen trans
fer is concerned, the limited data available indicate that the 
volumetric mass transfer coefficient in a shaken microw
ell (Weiss, John, Klimant, & Heinzle, 2001b) is likely to 
be lower, by at least a factor of 10, compared to a con
ventional scale fermenter. Walther et al. (1994) have de
scribed a miniature bioreactor with a working volume of 
3 ml for cell culture in a space laboratory and Kostov, 
Harms, Randers-Eichhom, and Rao (2001) have recently 
presented the design of a microreactor with a working vol
ume of 2 ml and reported basic data on the responses of 
pH, dissolved oxygen and optical density probes using E. 
coli fermentation as a test bed. Mixing was achieved by 
the action of a magnetic stirrer placed at the bottom of the 
well. Initial results demonstrated that fermentation at the 
microwell-scale was feasible, but achieving adequate over
all oxygen transfer rate in the microreactor proved difficult 
and comparison of K ia  with data from a 1 1 conventional 
fermenter showed the difficulties in using magnetic-bar stir
rer in the microreactor.

In the present study, we report engineering data to demon
strate the operation of a new miniature bioreactor having a 
diameter equal to that of a single well of a standard 24-well 
plate. A microfabricated three-bladed turbine impeller was 
used to mix the contents of the miniature bioreactor and a 
single sparger placed underneath the bottom impeller pro
vided the means for aeration. Microfabricated fibre optic 
probes (Junker, Wang, & Hatton, 1988; Wang, Shahriari, &  
Mosrris, 1999) were used for in situ measurement of pro
cess parameters including dissolved oxygen, pH and cell 
density. Volumetric oxygen transfer data were obtained for 
air-water and E. coli fermentations for different operational 
conditions. The results were compared with data obtained 
from parallel experiments using a 20 1 mechanically agitated 
fermenter with a working volume of 15 1 and with predic
tions from theory based on CFD simulations of multiphase 
flow in the miniature bioreactor and the Higbie’s penetration 
model for mass transfer.

2. Materials and methods

The miniature bioreactor: Fig. 1 shows the main elements 
of the miniature bioreactor together with some of its asso
ciated instrumentation and interconnections. The bioreactor 
was machined from Plexiglas to allow visual inspection of

mixing and gas bubbles. Air-water was used to establish 
the engineering performance of the miniature bioreactor for 
mass transfer operations and E. coli DHSa was chosen as 
a fermentation system because of its robustness and toler
ance to contamination. Subsequent miniature bioreactors in 
our laboratory (not described here) are built from stainless 
steel with parts that can be fully sterilised for cell culture 
experiments.

The cylindrical chamber of the miniature bioreactor was 
16 mm in diameter and 48 mm high (working volume of 
6 ml). The mixing of the contents of the bioreactor was 
achieved by means of three, 6-bladed open flat-turbine im
pellers, each having a diameter of 7.0 mm and width of
1.5 mm. The impellers were driven from the top of the 
bioreactor with a microfabricated electric motor (Smoovy, 
Switzerland) with a shaft diameter of 1 mm and an in
finitely variable speed control (maximum speed and torque 
of 15,000 rpm and 2.2 m Nm, respectively). The bottom 
impeller was placed approximately 6 mm from the base 
of the chamber, the distance between two impellers was
7.5 mm and the distance between the top impeller and the 
free liquid surface was 7.0 mm. The bioreactor was equipped 
with four baffles of width 1.8 mm and thickness 0.6 mm. 
The air from a compressed air supply was sparged through a 
perforated plastic cap placed at the discharge tip of a single 
tube of internal diameter 1.0 mm. The sparger was placed 
directly beneath the hub of the bottom impeller (Fig. 1 ). The 
air flow rate was measured using a standard laboratory ro
tameter with a flow rate in the range of 0.2-100 ml min~* 
of air (Bamant Company, IL , USA). The gas supply had a 
separate connection via a two-way valve to a compressed 
nitrogen cylinder allowing mass transfer experiments to be 
carried out as described later in this section.

On-line measurements of dissolved oxygen tension, pH, 
and cell density were performed by means of fibre optic 
probes; temperature was measured by means of a fine diam
eter copper-constantine thermocouple. The oxygen sensor, 
the optrode (fibre optic oxygen sensor, AVS-OXYKIT 1.5, 
Knight Optical Technologies Ltd., Surrey, UK) consisted of 
a 1 mm diameter silica glass optical fibre sealed in a 7 cm 
long stainless steel tube rod. The working tip of the probe 
was dip-coated with a ruthenium complex immobilised in a 
sol-gel matrix. An optical fibre carried light from a blue LED 
[470 nm output peak] to the immobilised ruthenium/sol-gel 
coating layer at the working tip of the stainless-steel tube. 
The 470 nm light excites the ruthenium complex to fluo
resce. The level of this fluorescence is quenched in the pres
ence of oxygen molecules, which diffuse through the sol-gel 
matrix and interact with the trapped ruthenium. The reduc
tion in the fluorescence signal is related to the concentration 
of oxygen through the Stem-Volmer equation (Wang et al., 
1999). The level of fluorescence signal was detected using a 
second fibre optic, part of the integrated optical probe and the 
fluorescence light was analysed by a sensitive CCD detec
tor array grating spectrometer (Type: AVS-MC2000; Knight 
Optical Technologies Ltd.; www.knightoptech.com). This

http://www.knightoptech.com
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Baffles

pH probe

Oxygen probe
position

sparger

Fig. 1. Main components of the miniature bioreactor. All measurements are in mm.

has multiple spectrometer channels for other parallel spec
tral sensors, such as pH, turbidity, and other fluorescence 
investigations as described below. The primary channel for 
oxygen was used to monitor both LED light source excita
tion level and fluorescence emission simultaneously captur
ing full spectra in milliseconds.

In the present study, solution pH was measured by an 
optical probe using the method of Junker et al. (1988). 
The pH sensor consisted of: a fibre optic probe of diam
eter 1.5 mm (FCR-UV200F, Knight Optical Technologies 
Ltd., Surrey, UK); a xenon pulsed light source (XE-2000) 
and a blue LED light source (LED-475) coupled to a 
multiple channel spectrometer (MC2000). The fluorophor, 
l-hydroxypyrene-3,6,8-trisulfonic acid trisodium salt 
(HPTS, Sigma-Aldrich, Dorset, England) with a pXg value 
of 7.3 was selected for the experiments described here. 
Two different excitation wavelengths of 405 and 460 nm 
were used. The fluorescence intensity was measured at a 
single emission wavelength of 520 nm. A linear calibration 
curve was obtained in 20 g 1“ ’ of HPTS in water using the 
method of (Junker et al., 1988). The spectrometer was used 
to monitor the change in fluorescence.

The measurement of cell density was achieved by com
bining three optical fibre probes, as shown in Fig. 1. Each 
fibre was fabricated from a single 600 pm active core diam
eter fibre. One fibre was used to deliver the light produced 
by a miniature tungsten light source to the bioreactor con
tents. The other two probes were used for light collection

from the bioreactor, one for transmitted light (625 nm) and 
one for scattered light. This arrangement allowed a range of 
measurements including turbidity, transmission/colour and 
nephelometry to be carried out by a multiple channel spec
trometer (MC2000). In the present study the broth turbidity 
was sufficiently low to allow reliable cell density data to be 
obtained from the measurement of transmitted light (probes 
A and B).

A ir -w a te r  experim ents: The performance of the minia
ture bioreactor was assessed initially under defined flow 
conditions through a series of experiments carried out with 
air-water. The results from these experiments also allowed 
a basis for comparison with conventional bioreactors for 
which many correlations are available (Smith, Van’t Riet, 
& Middleton, 1977; Van’t Riet, 1979; Ni, Gao, Gumming, 
& Pritchard, 1995). K ia  values were calculated from the 
dissolved oxygen concentration profiles obtained as a func
tion of time by using the dynamic gassing out technique 
(Van’t Riet, 1979). Before each experiment, the optrode 
was calibrated at 100% and 0% air saturation by sparging 
air and nitrogen, respectively. A typical experiment started 
with fresh de-ionised water containing a known amount of 
sodium chloride salt and with the impeller speed set at a 
predetermined value. The oxygen concentration was con
tinuously monitored as a function of time. Nitrogen was 
sparged till the level of oxygen had fallen to zero. At this 
point, the gas supply was switched rapidly to air set at 
a fixed flow rate of 1 wm corresponding to a superficial
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velocity of 0.0005 m s“ * and the rise in oxygen concentra
tion was monitored.

Fermentation: A ll fermentations in the miniature biore
actor were carried out with E. coli, DH5a in batch mode 
at 37°C, an air flow rate of 1 w m  at impeller speeds 1300, 
1500 and 1850 rpm. No attempt was made in these experi
ments to optimise the fermentation process, the aim was to 
demonstrate that fermentation was achievable in the minia
ture bioreactor and obtain basic engineering and fermen
tation parameters for comparison with conventional scale 
fermentation. Data for the latter were obtained in a 20 1 
(15 1 working volume) LH20L03 HI-CAT series bioreactor 
(Adaptive Biosystems Ltd., Progress Business Park, Luton, 
UK). pH was fixed at the start of fermentation, but not con
trolled.

The cultures were grown on a semi-defined medium which 
consisted of, per litre, D-glucose (10 g), MgSO  ̂ • 7H2O 
(1.2 g), (NH4)2S04  (4g ), KH2PO4 (13.3 g), citric acid 
(1.7 g), Na2EDTA (8.4 mg), C0CI2 • 6H2O (2.5 mg), 
MnS04  • 4H2O (15 mg), CUSO4 • 2H2O (1.5 mg), H3BO3 
(3 mg), NaMo04  • 2H2O (2.5 mg), ZnCl (13 mg), Fe 
( III)  citrate (100 mg), thiamine hydrochloride (4.5 mg; 
Sigma-Aldrich, Fancy Road, Poole, UK) and casamino 
acids (10 g 1~’ ; Oxoid). The pH of the medium was ad
justed to 6.3 prior to sterilisation by addition of 4 M NaOH. 
All chemicals were obtained from BDH (Dorset, England) 
unless otherwise stated. Sterilisation of the miniature biore
actor was achieved by rinsing the equipment with 1 M  
NaOH followed by sterile water. Seed culture was prepared 
by inoculating 10 ml of the medium in a McCartney bottle 
with a single colony from nutrient agar plates. The cul
ture was allowed to grow overnight at 37®C and rotated at 
200 rpm by a horizontal shaken platform in an incubator. 
10 ml of seed culture was used to inoculate 500 ml of fresh 
medium, which was grown for 6 h under the same condi
tions. The 500 ml culture was used as the starting point 
for all experiments in the miniature bioreactor and the 20 1 
fermenter. In the case of the miniature bioreactor, 0.6 ml of 
the culture was used to inoculate 5.4 ml of fresh medium 
in the bioreactor. A 10% inoculation was also used for the 
20 1 fermentation. In the large fermenter foaming was con
trolled automatically by the addition of 100% polypropy
lene glycol (PPG) pumped at a concentration of 0.1 ml 1 " \ 
The 20 1 bioreactor was operated in the batch mode and 
the initial fermentation conditions were as follows: tem
perature, 37°C; air flow, 1 wm  (12 1 min“ ’ ); DO2, 100%; 
agitator speed, 530 rpm; pH 6.3. The aeration and agitation 
were kept constant throughout the fermentation. Oxygen 
levels were monitored using an Ingold polarographic probe 
(Mettler-Toledo Ltd., Beaumont Leys, Leicester, UK). 
Online data were logged by Propack data logging and ac
quisition software (Acquisition Systems, Fleet, Hampshire, 
UK). Cultures were grown for 14 h.

Simulation o f  flow  in the miniature bioreactor: Energy 
dissipation rate gas volume fraction and air-liquid interfa
cial area are important engineering flow parameters used in

correlating experimental K ia  data. In the present study the 
power input, and hence energy dissipation rate, to the mi
croimpellers could not be measured with confidence because 
of the very low values of torque involved. The power in
put was predicted as part of an analysis of the multiphase 
flow and mixing in the miniature bioreactor by using com
putational fluid dynamics, CFD (CFX 4.1, AEA Technol
ogy, UK). The standard Reynolds-Averaged-Navier-Stokes 
(RANS) model was used to solve the three-dimensional 
two-phase (gas-liquid) turbulent flow in the miniature biore
actor and the closure of the problem was achieved using 
the A: — e model. Turbulent kinetic energy, k, and energy 
dissipation, g, were obtained from the homogeneous model, 
where k and g were assumed to be the same for both phases 
throughout the vessel (Soon, Harbridge, Titchener-Hooker, 
& Ayazi Shamlou, 2000; Boychyn et al., 2001 ). The motion 
of the gas bubbles and their interaction with the flowing liq
uid were described in terms of the drag force acting on the 
bubbles, the impact of lift force and the virtual mass effects 
were ignored. The gas and liquid momentum equations were 
coupled by the interfacial force terms due to the drag force 
by the following equation:

Fa. = -Fp = 0.15ra.pa-̂ \Up -  Ua\{Û  -  Ua). (1)

The drag coefficient Cd was determined from the modified 
Reynolds number (Kuo & Wallis, 1988) and the interaction 
between bubbles were taken into account by making use of 
the correlation proposed by Ishii and Zuber (1979) for the 
drag force in a bubble swarm. The impeller was described 
by the inclusion of additional source terms in the momen
tum equations using the method of Pericleous and Patel 
(1987). Each baffle was treated as a thin surface and de
scribed by defining an appropriate time-averaged sink term 
in the momentum equations as using recommended pre
viously (Morud & Hjertager, 1996; Revstedt, Fuchs, & 
Tragardh, 1998; Xu &  McGrath, 1996).

The average bubble size was estimated from the following 
correlation (Wilkinson, Vanschayk, Spronken, Laurent, & 
Van Dierendonck, 1993):

d =
Wêff 0.6

.(-0.4) (2)

The critical Weber number, Wcc, in Eq. (2) was assumed 
to have a value equal to 0.6 (Hinze, 1955). The energy dis
sipation term, g, in Eq. (2) was based on flow conditions 
around the impeller blades, and considering the small size of 
the miniature bioreactor, bubble coalescence was assumed 
to be negligible. For both phases, no-slip boundary condi
tions were applied. Free-slip conditions were used along the 
bottom and side walls (Morud & Hjertager, 1996). The gas 
sparger was simulated as a solid body. The gas inlet was set 
on top plane of the solid body and the normal component of 
gas was specified according to the gas flow rate (1 w m ). At
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gas outlet (top of the vessel), the velocity was determined 
from a mass balance based on inlet conditions. For a fixed 
impeller speed and gas flow rate, the CFD simulations pro
vided the distribution of the relevant engineering parameters 
in the miniature bioreactor including the velocity field, bub
ble size, gas hold-up, and the energy dissipation rates. The 
local values of the energy dissipation rates were integrated 
over the vessel volume to obtain an average value over the 
entire contents. The average power input was obtained di
rectly from the integrated energy dissipation rate and used 
for comparison with published data. The simulated parame
ters were also used in a mass transfer model to predict both 
the profile and the integrated overall mass transfer coeffi
cient, K ia , as described later on in section under results and 
discussion.

3. Results and discussions

M ixing  and flow  in the miniature bioreactor: The CFD 
simulations of speed and energy dissipation rate for a sin
gle phase liquid with the properties of water are shown in 
Fig. 2 for a speed of 2500 rpm. The single-phase power 
number, Np, was obtained by integrating the simulated local 
energy dissipation rates over the entire volume of the vessel 
and dividing it by the group piN^D^. Thus:

N p  =
2 f  rgPaSdF

(3)

where r„ is the local liquid fraction which was taken to 
be equal to 1.0 for the case of single (liquid) phase, and 
the local fluid density p« was assumed to be liquid density, 
p/. The simulated impeller power curve was obtained by 
assuming equal distribution of power input between the three 
impellers. These simulations predicted a power number of 
approximately 4.0 for the microimpeller in turbulent flow 
regime, comparable to published experimental values for 
a large-scale unit with similar configuration (Uhl & Gray, 
1966). Eq. (3) was also used to predict the local and average 
power input for the two-phase, gas-liquid system, in the 
miniature bioreactor (simulations not shown). The results 
gave a ratio of gassed to ungassed power, Pg/P, of 0.8- 
0.9. The reported ratio of Pg/P varies between 0.9 and 0.4 
depending on the type of impeller and gas flow number 
(Smith et al., 1977).

Flow simulations were also performed for the 201 
standard fermenter equipped with a set of three Rushton 
turbines. The CFD simulated single-phase power curve 
predicted a power number 6.0 for turbulent flow which 
compared favourably with published values for the Rushton 
turbine impeller (Uhl & Gray, 1966).

For distilled water an average value of 4 x 10“ '̂  m s“ ̂ has 
been recommended for liquid mass transfer coefficient, K i  
and solution ionic strength is known to increase the overall

volumetric mass transfer coefficient, K ia , partly through its 
impact on interfacial area, a (Van’t Riet, 1979). The effect 
of ions on K ia  however is not easy to predict, but according 
to experimental information it varies with the type of ions 
present in solution and is dependent on the prevailing fluid 
energy dissipation rates. Van’t Riet’s (1979) analysis of the 
published experimental data indicate that such uncertainties 
coupled with different measurement techniques mean that 
reported empirical correlations are likely to vary in their es
timations of K ia  by up to ±40%. Higbie’s (1935) penetra
tion model of mass transfer at a gas-liquid interface has been 
used previously to describe mass transfer in air-lifts (Ayazi 
Shamlou, Pollard, & Ison, 1995) and mechanically agitated 
mixing vessels (Kawase & Moo-Young, 1990). According 
to Higbie’s model, mass transfer at a gas-liquid interface is 
assumed to occur by a series of encounters between the liq
uid and the gas. Each encounter lasts for only a short time 
so that steady-state conditions are never established and any 
mass transfer that occurs is due to the unsteady molecular 
diffusion. The relationship between the mass transfer coef
ficient, K i,  liquid-phase diffusivity, and exposure time, /, 
is given by

K i = [1/2(0" (4)

In a mechanically agitated vessel, Kolmogoroff s theory 
of homogeneous and isotropic turbulence has been used to 
obtain the following equation for the surface renewal time, 
t, as follows:

= ( D " (5)

where the local energy dissipation rate, e, is obtained from 
the CFD simulation of flow in the vessel.

Combining Eqs. (4) and (5) and rearranging it leads to the 
following equation for the local liquid phase mass transfer 
coefficient, K i.

2
K i{ r ,z ,Q )=  ^ ^ [e (r,z ,0 )v ]’/̂ (6)

The local specific surface area available for mass transfer is 
given by:

db (7)

where rp is the local gas volume fraction. We used Eqs. 
(5) and (6) to predict the K ia  distributions in the minia
ture bioreactor. Fig. 3 shows the distribution of gas volume 
fraction and K ia  in the vessel for air-water. The profiles 
shown in Fig. 3 are for a speed of 2500 rpm and an air flow 
rate of 1 w m . To compare these predictions with experi
mental data, the overall (average) volumetric mass trans
fer coefficient was calculated by integrating the local values 
over the entire working volume of the miniature bioreactor.
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Fig. 2. CFD simulations of distributions of liquid speed and energy dissipation rate in the miniature bioreactor for an impeller speed of 2500 r.p.m. 
Liquid properties are assumed to be those of water.

Thus

J  Ki ( ^r ,z , d) a( r ,z , e) dv  Kia = ----------   . (8)

The overall K ia  were predicted for a range of impeller 
speeds and the operational airflow rate of 1 wm used in our 
experiments. The results are presented and discussed below.

A ir -w a te r  K ia  results: The experimental K ia  values were 
based on the well-mixed model for both the gas and liq
uid phases, as suggested by Dunn and Einsele (1975). The 
well-mixed model is considered appropriate for this case be
cause of the small size of the miniature bioreactor. Accord
ing to this model, K ia  is obtained from the oxygen probe 
response data by the following expression:

K ia  =  j  In (9)

where Q, is a normalized oxygen concentration defined by: 
Ci = (C*-C)/C.

The optrode used in the present investigation had a re
sponse time, Tp(the time needed to record 63% of a stepwise 
change), of 42 s at 20°C, measured using a standard pro
cedure described elsewhere (Dunn & Einsele, 1975). CFD 
predictions gave an overall volumetric mass transfer coef
ficient, K ia ,  in the miniature bioreactor typically in the or
der of 100 h"' (0.03 s“ ‘ ) indicating that the impact of the 
probe response time on K ia  was an important considera
tion. We used a first-order response model recommended 
by Badino, Facciotti, & Schmidell (2001) in our calcula
tions to account for the fibre optic probe response time.

Thus,

( 10)

where Cp is the normalized dissolved oxygen concentration 
measured by the probe. Substituting for C i  using Eq. (7), 
integrating and rearranging gives the following expression 
for K ia :

Cp = 1
tm 't I /mexp( -  Tpexp^^ ( 11)

where tm =  1 jK ia .  Eq. (11) was solved for K ia  using Mi
crosoft Excel at each time measurement and the results 
averaged. K ia  data were obtained for air-water in the pres
ence of sodium chloride for a range of impeller speeds. 
Fig. 4 shows the results plotted as a function of the mean en
ergy dissipation rate in the miniature bioreactor. For compar
ison, selected CFD simulated values of K ia  are also shown. 
The continuous line in Fig. 4 shows the predicted K ia  based 
on the correlation of Van’t Riet (1979). The slope of the 
best line of fit through the data points has a slope which 
agrees well with the 0.7, which is the exponent of ( f /F )  
in the equation reported by Van’t Riet (1979). However, 
the absolute values of K ia  measured in our experiments 
are consistently lower by approximately 40% compared to 
those expected from Van’t Riet’s expression. The difference 
is thought to be due to the differences in the vessel-impeller 
configuration between the two systems. Van’t Riet’s equa
tion is based on data obtained for standard a Rushton 
turbine impeller, which is more efficient than the open 
flat turbine configuration used in the present study. It is
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Fig. 3. CFD simulations of distributions of gas speed, gas volume fraction 
and K ia  in the miniature bioreactor for an impeller speed of 2500 r.p.m 
and air flow rate of 1 v.v.m. Liquid properties are assumed to be those 
of salt-water.

notable that CFD-predicted K ia  values are in good agree
ment with experimental K ia  data, at least in the range of 
power per unit volume examined ( 5x10^ < P /V  < 5 x

10'* W m“^), which covers the range of interest to most 
fermentations.

We carried out additional experiments using the standard 
20 1 (working volume, 15 1) bioreactor in which we mea
sured K ia  for air-water as a function of impeller speed. The 
airflow rate in the 20 1 bioreactor was set at 1 wm, equiva
lent to 0.007 m s~' (compared to 0.0005 m s“ * in the minia
ture bioreactor). To compare the results for the two bioreac
tors therefore the overall volumetric mass transfer coefflcient 
data for the each reactor were adjusted by assuming K ia  
a as recommended by Van’t Riet (1979). The results 
are shown in Fig. 5 where the solid line was obtained from 
Van’t Riet’s equation and the dashed-lines represent ±40%  
deviations from it. The K ia  values for the miniature biore
actor consistently fall below those of the 20 1 fermenter, but 
the best lines of fit through the data points for the two scales 
have the same slope which very close to the exponent of 
P/F in Van’t Riet’s equation. It is also notable that while 
the K ia  data for the miniature bioreactor are lower than the 
20 1 scale the difference are within the expected 40% de
viation. Taken together the observations based on Figs. 4 
and 5 support the view that the engineering performance of 
the miniature bioreactor is adequately described by current 
CFD techniques and that its performance, at least as far as 
mixing and oxygen transfer is concerned, matches those of 
laboratory bioreactors.

E. coli K ia  andfermentation results'. Figs. 6a and b show 
respectively the variation of dissolved oxygen and dry cell 
weight (g 1“ ’ ) as a function of time for fermentation of E. 
coli, DH5a, in the miniature bioreactor. The profiles shown 
in Figs. 6a and b are used routinely to monitor the progress 
of fermentation and provide data for calculation of other 
important fermentation parameters including oxygen uptake 
rate. These aspects are beyond the scope of this investiga
tion, the aim of which is to compare the performance of 
the miniature bioreactor with a large fermenter. The data in 
Figs. 6a and b refer to experiments carried out at a fixed 
impeller speed of 1500 rpm corresponding to a simulated 
mean energy dissipation rate, 6, of 0.53 W k g ''. In each 
case data are also shown from parallel experiments carried 
out in the 20 1 fermenter using standard probes and running 
under normal fermentation conditions described in Section
2. Fluorescence-based fibre optic probes, for monitoring of 
fermentation parameters including pH and dissolved oxy
gen, have been fully described and successfully tested pre
viously (Junker et al., 1988). In the case of pH, we used 
both a pH indicator dye immobilised on the working tip of 
the fibre optic probe, as well as the HPTS dye directly in
troduced into the culture medium. The former is preferable 
but in our experiments we found its response to be very 
slow and erratic (data not shown). In contrast acceptable 
results were obtained from the probe responding to the dis
solved HPTS dye. In the case of oxygen, the response of 
the commercial immobilised fluorophore probe was reliable 
and its calibration reproducible. No attempt was made in 
these experiments to run the fermentations in the two scales
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Fig. 4. Overall volumetric mass transfer coefBcient as a function of the impeller power input per unit volume. The plots are for the miniature bioreactor 
and refer to air-water system; ( 4 )  are experimental data and ( • )  are the values obtained Aom CFD simulations. The solid line is the relationship 
reported by Van’t Riet (1979) based on a comprehensive review of K ia  data for Rushton turbine impellers. The dashed lines are the ±40% deviation 
from Van’t Riet’s equation due to experimental uncertainties and different measurement techniques.
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Fig. 5. Overall volumetric mass transfer coefficients ( ♦  ) for the miniature bioreactor compare well with those obtained in a 20 1 (15 1 working volume) 
( ■ )  fermenter. Data refer to air-water. The two scales were operated at different superficial gas velocities and the data for the two scales were brought 
together by assuming K ia  a (uj)°-^ as recommended by Van’t Riet (1979). The solid line and the dashed lines are explained in caption for Fig. 4.
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Fig. 6. The fibre optic response curves for the dissolved oxygen (6a) 
and biomass Concentration (6h) obtained in the miniature bioreactor 
are compared with profiles obtained in a 20 1 (15 1 working volume) 
fermenter. The data were obtained during fermentation of E  coli. No 
attempt was made to run the fermentation in the miniature bioreactor 
under the optimum conditions. The difference in profile of the two scales 
are thought to be due to differences in the geometrical configuration of 
the two systems.

under comparable conditions. The agreement between the 
responses of the two probes demonstrated by the data in 
Figs. 6a and b therefore are encouraging and any differ
ences between the probes are thought to be due to differ
ences in the geometry and operational conditions of the two 
bioreactors.

Measurements of K ia  in the miniature bioreactor were 
made for two impeller speeds at the end of the fermentation 
period during the stationary phase. In these experiments care 
was taken to ensure that during the de-aeration stage in the 
gassing out method the oxygen concentration did not fall 
below 30% saturation (Badino et al., 2001). The results are 
plotted in Fig, 7 where the solid line shows the line of best fit 
obtained from the air-water experiments. The results indi
cate that volumetric mass transfer coefficients in the minia
ture fermenter fall within the range reported for conventional 
mechanically agitated bioreactors. It is notable that the con
cept of power input per unit volume as a scale-up parameter 
successfully links the performance of the miniature biore
actor to conventional fermenter. Kostov et al. (2001) have 
provided K ia  data for a magnetically stirred 2 ml miniature 
bioreactor equipped with optical probes. Using E. coli fer
mentation, values of K ia  of 9.8, 27.5 and 44.4 h“ ' were re
ported for air flow rate of 1, 2 and 3 wm . These K ia  values

are similar to those reported recently by Duetz et al. (2000) 
for air-water and are lower than values observed typically 
in shake flasks and conventional mechanically stirred sys
tems. By comparison K ia  values measured during E. coli 
fermentation in our turbine-stirred miniature bioreactor at a 
fixed aeration rate of I w m  were 68 and 128 h~* at power 
input per unit volume of 413 and 1190 Wm“ ,̂ respectively. 
These are well within the range of values observed in con
ventional mechanically agitated systems as shown in Figs.
4,5 and 7 reported in the literature for air-water (Van’t Riet, 
1979).

One practical problem with our current oxygen sensor 
is its relatively long response time. The Perspex bioreactor 
used in the present study necessitated the elimination of the 
effect of external light on the response of the probes dur
ing measurements. To achieve this the whole bioreactor was 
rapped in a layer of thin aluminium foil during the exper
iments and the immobilised tip of the oxygen sensor was 
covered with an extra coating of silicon. The presence of 
this extra coating on the working tip of probe caused the 
observed increase in its response time. The new miniature 
bioreactors in our laboratory are now fabricated from stain
less steel such that their contents are fully isolated from ex
ternal lighting. Another consideration is the need to control 
the temperature of the broth in the miniature bioreactor dur
ing fermentation. In the present study, this was achieved by 
carrying out the experiments in an incubator. Having estab
lished the “proof of concept” in the present study, in the 
new design, broth temperature will be controlled by the in
sertion of a single miniature concentric cylinder tubular heat 
exchanger fabricated from stainless steel.

Challenging the miniature bioreactor: Having estab
lished the engineering parameters that define the perfor
mance of the miniature bioreactor, we used it to explore 
new process situations. Our future plan of work includes a 
detailed comparison of the performance of shaken microw
ell systems for gas-liquid contacting operations measured 
against the performance of the miniature bioreactor. In 
shaken microwell systems, oxygen transfer is normally 
achieved by surface aeration. We challenged the miniature 
bioreactor by running an experiment in which we measured 
the volumetric oxygen transfer rate, K ia ,  in water with the 
supply of air to the sparger turned off so that any oxygen 
transfer occurred entirely via surface aeration. The results 
are shown in Fig. 8 for three values of power input per unit 
volume. The solid line shows the best line of fit for oxygen 
transfer by aeration through the single tube sparger (see 
Fig. 4). The relatively low values of K ia  observed under 
the condition of surface aeration suggest that most current 
shaken microwell systems for fermentation are likely to run 
under conditions of severe oxygen limitation. We also chal
lenged the miniature bioreactor by running it in a “bubble 
column” mode, i.e. under conditions where the only form 
of agitation was provided by the flow of air (zero impeller 
speed) into the vessel. We measured the overall mass trans
fer coefficient for an air flow rate of 1 w m  corresponding
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Fig. 7. Overall mass transfer coefiQcients measured during fermentation of E. coli in the miniature bioreactor (A). The data compare very well with the 
K ia  obtained for air-water ( ♦  ).
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Fig. 8. Overall mass transfer coefficients were measured (x )  under conditions of surface aeration only. Significantly lower K ia  data compared to 
values obtained under aeration via the sparger (solid line) indicate that in microwell scale fermentation in shaken systems involving oxygen demanding 
microorganisms may be a potential problem.

to the value used in our standard air-water and E. coli fer
mentation experiments. The calculated power input per unit 
volume for this system was based on the method of Ayazi 
Shamlou et al. (1995). The overall mass transfer coefficient

obtained for this system was 67 h~’ comparable to typi
cal values obtained under low agitation (P /V  ^  100), but 
significantly higher than what was achievable by surface 
aeration.
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4. Conclusions

In this paper we describe a new miniature gas-liquid 
bioreactor and use experimental and theoretical analysis to 
establish its performance as a fermenter. The bioreactor was 
designed to have the same diameter as that of a single well 
of a 24-well plate but was mechanically agitated and aer
ated such that its operation mimicked the flow conditions in 
a conventional mechanically stirred reactor. The miniature 
bioreactor was instmmented with microprobes for measure
ment of fermentation parameters including dissolved oxy
gen, pH, temperature and optical density. The overall mass 
transfer coefficient was predicted theoretically from theory 
and measured in the miniature bioreactor using air-water 
and E. coli fermentation. The results were compared well 
with data obtained from a 20 1 (15 1 working volume. The 
miniature bioreactor was challenged by running it under 
conditions similar to those in a shaken microwell system. 
Significantly lower mass transfer rates were observed high
lighting the potential of oxygen starvation during fermenta
tion in most current microwell systems.

Notation

A
Cd
C,Ci,
db
Di
F
k

Kl

nt
N
Np
P
r
t
t
im
T
U
Vs
V
We
z

Greek letters

a

e

gas-liquid interfacial area, m  ̂m"^ 
drag coefficient
oxygen concentration, mol m”^
bubble diameter, m
impeller diameter, m
drag force, N
turbulent kinetic, m  ̂s“^
liquid phase mass transfer coefficient,
m s~*
bubble population density, m̂  
rotational speed, s 
impeller power number, 
impeller power input, W 
volume fraction, radial co-ordinate 
surface renewal time, s 
time, s
mass transfer time, s 
tank diameter, m 
velocity, m s~’ 
superficial gas velocity, m s“ ' 
volume, m̂
dimensionless Weber number 
axial co-ordinate

liquid phase 
gas phase
turbulent energy dissipation, m  ̂s”  ̂
angular co-ordinate

fj- viscosity, kg (m s)“ *
V kinematic viscosity, s~̂
<: liquid diffusivity, s“ ’
p density, kg m“^
a surface tension, kg (m“  ̂ s)
Tp probe response time, s
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CFD simulation of the engineering flow environment in 
shaken micro-well plates

Zhang., H ., Landing, S.R., Allen*, B., and Ayazi Shamlou, P. 
Department o f Biochemical Engineering, University College London, 

Torrignton Place, London W clE  7JE, UK.
*EH L illy  and con^any, L illy  Corporate Centre, Indianapohs, Indiana, 46285, USA

High throughput screening (HTS) platform technology based on the use o f shaken 
micro-titre plates has the potential to provide process information early in the 
development pathway o f new drugs. The impact o f such information may be significant 
in terms of reducing the process development cycle-time. In  this article we used 
conçutational fluid dynamics (CFD) techniques to simulate, for the first time, the 
coirq)lex flow patterns in shaken micro-well plates. The results provide new insight into 
the mixing environment in shaken systems and a rational basis for their scale-up.

1. Introduction
Major scientific advances in genetic engineering and analytical techniques combined 
with high throughput screening over the past decade have produced a significant 
increase in new potential drug target molecules. In  contrast methods used for 
“screening” of process options for large scale production of therapeutics have changed 
little in the past century and now present one of the biggest challenges to process 
engineers. Historical approaches, based largely on pilot-plant studies, are laborious, 
requiring large quantities of materials, which are often not available at the 
developmental stage, especially in the case of high-value and low-volume products 
such as the new generation of biologies. In many cases only miUilitre quantities may be 
available for test purposes at an early stage. Additionally, in an increasingly 
conq)etitive business environment, it is often the case that even a modest reduction in 
the “time-to-market” can make a significant difference between success and failure of a 
product. This demands new methods for the rapid assessment o f processability o f the 
new generation of medicines that can keep path with the speed at which new drug 
discoveries are coming forward.

We have hypothesised that the HTS technology has the potential to provide process 
ioformation for scale-up and production yield. However, this requires knowledge of the 
engineering flow conditions in the micro-wells, which is currently lacking. This article 
provides a theoretical basis of assessing the mixing conditions in micro-wells by using 
conçutational fluid dynamics (CFD) techniques. The results provide a rational basis 
for establishing process scale-up rules based on the HTS technology.

The automated shaken micro-well plates have been used in recent years in process 
situations involving biological materials. These include studies on bacterial



fermentation (Weiss et al, 2001b; Duetz et al, 2000; Duetz and Witholt, 2001), animal 
cell cultures (Girard et al, 2001) and biotransformation (Doig et a l, 2002; Weiss et al, 
2001a). As far as mixing and oxygen transfer are concerned, the limited data available 
indicate that the volumetric mass transfer coefficient in a shaken micro-well (Weiss et 
al, 2001b) is lower, by at least a factor of 10, coirçiared to a conventional scale 
fermenter. Gas-liquid mass transfer has been discussed for other small-scale culture 
systems used for screening purposes, such as shaking flasks (Van Suijdam et al. 1978, 
Marier and Buchs 2001). Duetz et al. (2000) characterised oxygen transfer in deep well 
microtiter plates with a square-shaped cross section area at different shaking 
frequencies, shaking diameters, filling volumes and tilting angles. Hermann et al. 
(2003) studied the maximum oxygen transfer capacity, the mass transfer coefficient 
and the specific mass transfer area at different shaking conditions, different well shapes 
and interfacial tensions in a single well o f a 96-weU micro-well plates. What makes 
comparison o f data between the shaken micro-well and laboratory, pilot and full-scale 
operations difficult is a lack o f information on the hydrodynamic parameters for the 
shaken system. Consequently, scale-up rules from micro-well scale to large-scale 
operation have yet to be achieved.

Recently a new miniature bioreactor with a diameter equal to that of a single well o f a 
24-well plate was developed and its performance tested by the authors (Lamping et al, 
2003). Mixing in the miniature bioreactor was provided by a set o f three inçellers 
mechanically driven via a micro-fabricated electric motor and aeration was achieved 
with a single tube sparger. The hydrodynamic parameters in the miniature bioreactor 
were obtained from CFD simulations of flow and the results used to predict process 
information including local and overall volumetric mass transfer coefficients. Good 
conçarison of predictions and measured mass transfer coefficients under different 
mixing conditions were obtained giving confidence in the ability o f the CFD 
methodology to simulate flow in miniaturised flow devices.

2. CFD model of mixing in the shaken micro-well
The flow conditions in the shaken micro-well was obtained by solving the following 
flow equation (Versteeg , 1996):

J— ^ { p ( f )d V  d t +  j  Jn.(p^u)dL4<i^ =  +  J j s ^ d V d t
A / ^ ^ V C K  )  bx A b tA  b tC V

(1)

The flow in the micro-well was assumed to be laminar and the CFX 4.3 (AEA  
Technology, Oxfordshire, U K ) finite volume code was used to solve the integrated 
form of Eq. (1). The presence of a free surface at the interface introduced specific 
mathematical complications which were resolved by the method o f continuum surface



force (CSF) (Brackbill et al. ,1992). Briefly, the CSF method leads to an extra body 
force, Fs, in the Navie-Stokes momentum equation given by:

Fs=aKVr (2)

Where a is the surface tension coefficient, r is the volume firaction o f the first phase, 
and K is the surface curvature defined by:

y = .v ) U _ V .n )
n n

(3)

for a normal to the surface given by: 

n=Vr (4)

The gas and liquid phase are treated as a homogeneous model, which they have the 
same velocity and pressure, but their volume fractions are different. As the CSF model 
is a direct simulation method, no turbulence model is needed.

The total power consumption is calculated from the general relationship for the laminar 
flow:

P
V

f ^ y d V
(5)

|i is the liquid viscosity and d>v, the viscous dissipation function, can be expressed in 
terms of shear rates:

Oy = 2 + + + ^du f  dv

dy dx^
+ + (  du 

dz dx

(6)

3. Results and discussion
Simulations were carried out for different shaking frequencies and amplitudes using a 
standard orbital shaker (xxxxxx) for a 96-well deep well with a circular cross section 
(diameter 8mm, height 40mm) and a 24-deep well with a square cross section 
(diameter 17mm, height 40mm). Figure 1 gives typical simulations of the gas-liquid 
volume fractions for the 96-well plate format for a shaking frequency o f 1000 r.p.m  
and an anplitude o f 3mm. The fluid in the well was assumed to have the physical 
properties of water at ambient temperature. At the starting point (t=0), the interface was



flat (simulation not shown), the gas-liquid volume factions are presented as a series of 
snapshots in time as the well moves through one complete cycle.

m

Direction of 
motion

Starting point 
t=0

F igure 1. CFD simulation of gas-liquid volume fraction in a 96-well plate

The flow simulations for subsequent cycles remained effectively the same. It may be 
seen that the imposed shaking conditions produce good mixing which is demonstrated 
by the sharp gas-liquid interface changes. These simulations indicate that much of the 
mass transfer is likely to occur at the interface between the two phases. It is noticeable 
that as the liquid moves cyclically form side to side, the side-walls of the well become 
exposed to the air increasing the potential for mass transfer. Gas-liquid mass transfer at 
the wall however would require the presence of a liquid film  at the wall as the bulk 
liquid moves away from the wall. The formation of such a liquid film is critically 
affected by the hydrophobicity and hydrophilicity of the wall material. Many plastic 
wells are likely to have non-wetting surface properties making it difficult for a liquid 
film at the wall. Glass wells on the other hand are expected to produce liquid film and 
therefore better mass transfer conditions may be expected. These considerations make 
prediction of mass transfer in shaken micro-well difficult and indicate suggest that 
scale-up rules developed for such systems may be system specific. However, the sharp 
changes at the interface between the two phases and the short contact time between the 
gas and liquid phases suggest that the volumetric liquid mass transfer coefficient may 
be modelled according to Higbie’s equation (Higbie, 1935). The prediction of mass 
transfer for the shaken system will be reported in a separate publication. A key



parameter that determines the rate o f mass transfer is the power input to the shaken 
liquid and the associated energy dissipation rate. These are discussed briefly below.

Simulation results showed that flow patterns, power input and energy dissipation rate in 
the shaken micro-wells were strongly affected by the size of the well and die volume of 
shaken liquid as well as the shaking frequency and amplitude. These simulations 
indicated that power input was more sensitive to changes in shaking amplitude 
compared to frequency (Figure 2) and that for otherwise similar conditions power 
input increased significantly as the volume o f liquid in the well decreased (data not 
shown). Experimental measurement o f power input to shaken liquids is made difficult 
because o f tiie lack o f commercially available torque meters with sufficient sensitivity 
for this duty. Because the absolute torque and power input in a shaken micro-well are 
low, indirect measurements based, for example, on the power input to the electric 
motor are not appropriate. Accurate estimations of power input and energy dissipation 
rates in such systems therefore are very important because of their impact on the rate at 
which transport processes occur in the liquid. M ixing and oxygen transfer rates in a 
fermenter, for example, are critically affected by energy dissipation rate. The predicted 
values o f the energy dissipation rates (Figure 2) for the shaken micro-well system 
under normal conditions of operations (typically 3mm amplitude, 1000 r.p.m.)

Amplitude 3mm

0 5 00  1 0 0 0  1 5 0 0

F r e q u e n c y  ( r p m  )

I 4 00

Frequency 1000 rpm

100  -

0 2 4 6

Am  p l i t u d e  (m m )

Figure 2 CFD predictions of mean energy dissipation rate in a 24- well format as 
function of amplitude and frequency of shaking.

are lower than values reported for mechanically agitated bioreactors. This may explain 
the reported low volumetric mass transfer coefficient in shaken micro-wells compared 
to mechanically agitated systems. It is however vital that comparison o f transport



processes (e.g. K^a) between the shaken micro-well and mechanically agitated systems 
are carried out at equal values of the energy dissipation rates. This forms the basis o f 
our future work.

4. Symbols
cv Control volume
Fs Body force (N)
KJ Liquid mass transfer coefficient (m/s)
n A  normal to the free surface
P Power consumption (W)
r Volume fraction
R Radius (m)
t time (s)
r Diffusion coefficient (kg /(ms))

p Density (kg/m^)

<t> General variable for a particular property = u, v, w and r )
E Energy dissipation (W/m^)

U Viscosity (kg/(ms))
K Surface curvature
Ov Viscous dissipation term (mVs^)
a Surface tension

4 Diffusivity (mVs)
V Liquid volume (m^)
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Design of a prototype miniature bioreactor 
for high throughput automated bioprocessing

Lamping, S.R., Zhang, H. and Ayazi Shamlou, P,
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Introduction
*  The availability of the complete gene sequences for a growing number of organisms is 

expected to lead to a significant increase in the number of genetically engineered 
strains that can be used as cellular producers of new biological materials e.g. drug

I candidates. There is consequently a pressing need to develop new fermentation 
methods that will allow for the selection of suitable strains and operation conditions 
faster and at lower costs. We are seeking to address this need through significant 
reduction in size while maintaining the scalability of the process.
The design of a miniature prototype bioreactor Is presented with a detailed analysis of 
the fluid flow and related hydrodynamic parameters including the energy dissipation 
rate (e) and mass transfer coefficient (K^a). These parameters will form the engineering 
basis for comparison with data from large scale bioreactors and shaken microweli 
systems.

phe B ioreactor: essential characteristics
diameter equal to that of a single well of a 24-well plate 
scalable
has the potential for automation 
see Figure 1 (opposite) for details.

pH probe

Figure 1; Miniature Bioreactor showing the vessel internals, 
optical probes and motor. All measurements are In mm

^'Results
The local power input, energy dissipation rate and gas volume fraction are derived from an analysis of the multiphase flow in the miniature bioreactor using 
computational fluid dynamics (CFD). Volumetric mass transfer coefficients are predicted using Higble's penetration model with the contact time obtained from the 

 ̂ CFD simulations of the turbulent flow in the bioreactor. Comparative data are provided from parallel experiments carried out in a 201 (15L working volume) 
I conventional fermenter.

Computational fluid dynamics (CFD) analysis of flow in the miniature bioreactor is used to simulate mixing and define key process parameters

m
Gas vohimeCtW/kg) (m ft)S p«d (m/s) Gas sp««l (mhs)

Experimental data were obtained to compare the performance of the miniature bioreactor with that of a standard 20L bioreactor and the CFD simulations. 
10 ■

M  -  0.002 (P/V)"'Vi

Pan W/hf

Overall volumetric mass transfer («efficients (K,a) as a 
funclHjn of ttm impefter power input per unit volume. The 
two scales (6ml and 151) were operated al diferent 
sivudkial gas velocilies and the data for the two scales 
were txoughl together by assrrming K^a « (VJ^> as 
reconmendedby Varrt FSet (1977).

 the relaltonsftip reported by Vant Riet (1977) based
on a comprehensive review of K^a data for Rushton 
turbine impellers

- - • t  40% deviation from VanT Riet's equation due to 
experimental uncedainties and dBerent measurement 
tectmiques

(♦ ) experimental data horn the minialure bioreactor for 
an air/waler system

( -) the resells obtained from the CF=D simulation of the 
some air/water system

10OOO f * )  dal4 Irom a 1SL fermenter (airAvatei system)

(A.) K^a data measiaed during an E  c«//fermenlalion in 
the miniature bioteaolor

The fiboroplie response ounros for the biomass concentrabon (A) and (issohred oxygen (B) obtained in the 
miniature bioreactor are compared with profiles obtained in a ‘standard 15L fermenter. T)re data were 
obtained during fermentation of E  C di at the following condbons;

Temperature 37"C; Air Flow Rate Iw m  (O.OOOSm/s); pH between @.5 and 5 5 (not controllerj).

No attempt was made to run the feimentation at optimum condbons. The dffeience in the profiles of the two 
systems is thouc ît to be due to dfferenœs in the geometrical contguration of the two systems

 WoatnevdunwarV
-e-Wontnsvcsme 16L
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g

Conclusion
Predicted and measured volumetric mass transfer coefficients in the miniature 
bioreactor are In the range lOOhri to 400 hM , typical of those reported for 
large-scale fermentation. The miniature bioreactor may be used to predict 
the performance of a full scale bioreactor.
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Appendix 4; Sample calculations

A4.1 The calculation of kua using the method described in Section 2.5.

In order to find the kia of a system the “gassing-out technique” was used, this is 
described in sections 1.6.7 and 2.5. This technique should give results such as 

those in Figure A4.1.

120

100

co
2
I
CO

OQ 40

100 200 300 400 500 6000

Time s

Figure A4.1: Sample data from a gassing out experiment to find kLa.

This data was then processed in Microsoft Excel using Equation A4.1:

Cp =
/  \1 — t - t

- exp ---- -Tp exp
/p ; (A4.1)
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where Xm =1/kLa. Figure A4.2 shows the Microsoft Excel Spreadsheet used. The 

first two columns (columns A and B) show the data from the gassing out 

experiment. Cp is the normalised dissolved oxygen concentration measured by the 

probe. It is calculated using the definition: Cp=(100-Clp)/Clp’ This is calculated for 

each of the measured data points and shown in column 0.

Probe response time (s) 20

A B c D E F G

Time DOT Cp Estimated Estimated Cp“Cpest kua

T:;
□

Cpest

s % sat s % s '

5.0 0.5 1.00 117.03 1.00 4.6E-08 0.009
15.1 5.3 0.95 79.59 0.95 4.3E-08 0.013
25.2 14.7 0.85 64.40 0.85 7.9E-09 0.016
35.2 24.7 0.75 61.19 0.75 5.6E-06 0.016
45.1 33.6 0.66 62.23 0.66 4.3E-07 0.016
55.1 41.5 0.58 63.81 0.58 6.6E-07 0.016
65.2 49.2 0.51 64.11 0.51 2. IE-05 0.016
75.1 54.1 0.46 67.82 0.46 7. IE-09 0.015
85.1 60.0 0.40 68.16 0.40 7.0E-07 0.015
95.1 65.5 0.35 67.81 0.35 7.4E-07 0.015
105.1 68.9 0.31 70.14 0.31 4.5E-05 0.014
115.0 72.9 0.27 70.31 0.27 3.7E-06 0.014
125.0 76.1 0.24 71.19 0.24 5.5E-06 0.014
135.0 78.4 0.22 72.97 0.22 6.9E-08 0.014
145.0 81.5 0.19 72.18 0.19 6.9E-07 0.014
155.2 83.2 0.17 73.93 0.17 6.6E-07 0.014
165.2 85.5 0.14 73.45 0.14 3.7E-07 0.014
175.1 87.1 0.13 74.04 0.13 1.5E-06 0.014
185.1 88.2 0.12 75.82 0.12 3.4E-06 0.013
195.1 90.2 0.10 73.86 0.10 1.2E-06 0.014

Calculated kia (s‘ )̂ = 0.0143893

Figure A4.2 The Microsoft Excel spreadsheet used to calculate the kLa
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An estimation of xm (xm = 1 / ka) is made and Equation A4.1 is used to calculate a 

corresponding value for Cp using the estimated xm, along with the measured probe 

response time and the time of the data point. The difference between the 

calculated Cp and estimated Cp is found and is shown in column F.

Microsoft Excel “solver” is then used to vary the value of xm in order to find a value 

for Xm at which the estimated value of Cp is the same as the calculated value, i.e: 

the value of xm at which column F is a minimum. At this point a value of kta can 

be calculated from xm =1/kLa. A value for kua is calculated at each of the data 

points and the results are averaged.

A4.2 The calculation of the maximum oxygen transfer rate

To calculate the maximum amount of growth for a given mass transfer coefficient 

the maximum oxygen transfer rate was first calculated from Equation 1.8:

OxygenTransferRate = kia • AC = kiü-(Ĉ  *-C^) (A4.2)

Where AC is the concentration driving force between the gas and liquid phase. Cl* 

is the equilibrium liquid phase dissolved oxygen concentration and Cl is the 

oxygen concentration in the bulk liquid. AC is at a maximum when there is no 

oxygen concentration dissolved in the bulk liquid, hence:

MaximumOxygenTransferRate = OTR̂  ̂=kiü-Ci* (A4.3)

Cl* varies with temperature, pressure and solutes. The method for calculation can 

be found in appendix 4.3. The value for media used in this thesis is: 6.60 x 10 

kg.m'^. So for a kLa of 0.1 s-1 the value of OTRmax is:

OTRmax = 0.1x6.60x10"^ = 6.60 X 1 0^ kg.m'V^ = 74 mmol 1'̂  hr'^
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A4.3 Calculation of the solubility of oxygen in media

The solubility of oxygen in water under 1 atmosphere of air pressure at 37°C is 

7.34 X 10’  ̂ kg.m'^ . The solutes found in media effect this concentration. The 

method of Schumpe et al (1982) is used to adjust this value for the media used 

here. The equation used is:

f
log

where ao is the solubility of oxygen in water under fixed conditions, a is the 

solubility of oxygen in media with solutes under the same conditions. Ki is 

solubility parameter for media solute 1 and ci is the concentration of solute 1.

Values for Ki for salt solutions can be found using:

(A4.5)

where Hj is a gas specific parameter found in tables (Schumpe et ai, 1982); Xj is the 

number of moles of an ion in a particular salt and z\ is the valency of the ion.

For example, to calculate ki for (N 1-1 4 )2 8 0 4  :

K l  =-^[-0.681x2x12 +0.448x1x2^]= 0.215(/-m o/e'‘ ) (A4.6)

The solubility of oxygen can then be found from Equation A4.4. For the media 

used here the values are shown in Table A4.1. It should be noted that several of 

the solutes are not included in the table, as the relevant value of Hi could not be 

found. As these salts only appeared in minute quantities their effect on the 

solubility of oxygen is thought to be small.
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The K| value for other solutes such as glucose can be found in Schumpe et al. The 

values for this are shown in Table A4.2

Table A4.1; Calculation of Kj for the salts in the media

Cone. In 
media

Molecular
weight

Cone. In 
media K, K,e,

Salt gi" 9 Mole 1' L mole'^

MgSO4.7H20 1.2 246 0.0049 1.538 0.0075

(NH4)2S04 4 132 0.0303 0.215 0.0065

KH2PO4 13.3 136 0.0977 0.2095 0.0204

C0 CI2.6 H2O 0.0025 158 1.58E-05 0.277 4.38E-06

MnSO4.4H20 0.015 223 6.73E-05 0.246 1.654E-05

CUSO4.2 H2O 0.0015 195.5 7.67E-06 0.246 1.887E-06

ZnCl2 0.013 100.5 0 . 0 0 0 1 0.241 3.117E-05

Fe(lll) citrate 0 .1 245 0.0004 0.0345 1.408E-05

Table A4.2: Calculation of IQ for non-salt media copmponents

Solute Concentration in 
media

g i'

K,

ig '

K,C,

Glucose 1 0 0.0006 0.0065

Citric acid 1.7 0.0005 0.0008

Casein peptone 1 0 00044 0.0044
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If these K|C| values are summed the total comes to 0.0464. When inserted into 

Equation A4.4 this gives a value for the solubility of oxygen in media 37°C and 1 

atm of air pressure of 6.60 x 10 kg.m"^ as shown below:

a=ao X 10-° °^^ = 7.34 x 10'  ̂x 1 = 6.60 x10 ® kg.m ® (A4.7)

A4.4 The calculation of the maximum biomass level

If we assume a specific rate of respiration of 20 mmol of O2 hf^ g'^dry weight of 

bacterial and oxygen transfer rate 74 mmol of O2 1*̂ h r \  We get a possible 

biomass level of 74/20=3.7 g (dry weight) of bacterial per I of media.
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Appendix 5: Drawings of the miniature bioreactor
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