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ABSTRACT

The development of a process engineering framework for assessing ammonium 

sulphate fractional protein precipitation has been studied in this thesis. Existing theories 

of precipitation are reviewed. The use of fractionation diagrams to characterise the 

performance of a two precipitation process is discussed. A unified isotherm approach 

for modelling the fractionation is proposed and verified by comparison with 

experimental data. Conçarison with polynomial fits, the usual method for modelling 

fractional precipitation, shows the isotherm method is superior in terms of its generic 

nature.

Using the isotherm approach the effect of operating pH and of sohds carry-over 

due to inefl&cient clarification at large-scale operation on the resultant fractionation 

have been examined. A series of design scenarios are presented for the case of the 

purification of alcohol dehydrogenase from Sacharomyces cerevisiae which illustrate 

how the position of precipitation cuts have to be altered in order to accommodate 

changes in pH and sohds loading.

The isotherm has been extended to the purification of an intraceUular protein 

product of a recombinant E.coli strain in order to estabhsh the generic nature of the 

approach. Issues of process scale-up and associated deviations from levels of 

performance achieved at laboratory scale are noted. The abihty to use ammonium 

sulphate fractionation for crude enzyme purification prior to high resolution separation 

by hydrophobic interaction chromatography is discussed.
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Introduction

1.1 Overview

The development of iDNA technology has allowed the production of large 

quantities of highly specific biologically active peptides, ranging firom those with a 

direct pharmaceutical apphcation e.g. Interleukins, to those such as biocatalysts which 

can be used to produce stereospecific compounds or greatly sinq)lify organic synthesis 

processes. It is against this background that the purification of proteins from microbial 

sources has become a field of great endeavour. The unit operations used for 

purification of intracellular proteins on the process scale have evolved chiefly fi*om 

laboratory separation techniques and as such are based on physical, chemical and 

biological activity differences between the target protein and the other biological 

constituents of the host cell. Laboratory techniques however may be intrinsically 

labour intensive, difficult to reproduce with the same efficiency at the process scale, or 

even impractical to scale up at all (e.g. Gel electrophoresis). The purification 

techniques which have made the transition to the process scale are those which have: 

low labour requirements/cost per batch, exhibit httle batch to batch variation at aU 

scales (e.g. easily scaled up), and which can help meet the increasing demands of 

regulatory bodies (well defined properties and low influence on the final product) .

Chromatographic separation is a good exartq)le of how a separation technology 

has evolved in tandem with the development of rDNA technology. It was reported in 

1972 by Dunnill and Lilly (Dunnill and Lilly 1972) that of the 62 protein isolation 

procedures they surveyed 86 % contained an ion-exchange step and 92 % of these 

used DEAE-Cellulose or DEAE-Sepahdex. None of the procedures surveyed at that 

time contained an affinity separation step. By 1986 Bonneqea et al. (Bonneijea et al, 

1986) reported that 75 % of the 100 procedures they surveyed contamed ion exchange 

steps and some 75% of these were carried out using DEAE derivitised supports and at 

this time affinity separations were used in 60 % of all the procedures. Therefore there
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have been definite trends in the selection of purification steps as more sophisticated 

techniques have become available. The trend on the whole has been toward purification 

procedures which can rapidly increase the purity of the target protein and reducing 

process volume and away jfrom techniques with lower purification factors. When 

designing a protein purification procedure few researchers would now use DEAE 

derivitised supports as a first choice preferring the higher capacity and resolution 

power of S/Q Sepharose media developed more recently. Furthermore the 

development of hydrophobic interaction chromatography (HIC) has added an new 

separation dimension to the chromatographic separation techniques available, since 

this technique separates proteins by hgand-protein hydrophobic afiSnity.

Ammonium sulphate firactional precipitation is another interesting separation 

procedure reported to be used in 90% of the purification strategies studied by Dunnill 

and Lilly (1972) and had decline in popularity by 1986 as only 43 % of the procedures 

monitored by Bonneijea et al. (1986) reported its use. This decline in the use of the 

technology is puzzling as this procedure has many advantages: reduction of process 

volumes, stabihsing some proteins and it is cheap with httle needed in the way of 

speciahsed equipment that would not aheady be available in a biological process plant 

(e.g. stirred tank and centrifuge). However the purification which can be achieved by 

this step is low and the process is difi&cult to scale up when conqiared with 

chromatographic techniques. The need to remove residual salt by diafiltration or gel 

filtration in order to carry out subsequent ion exchange procedures directly after an 

ammonium sulphate fractional precipitation may further account for the decline in 

popularity of the technique.

This thesis adds to previous work investigating ammonium sulphate fractional 

precipitation in a process context of Foster (1972) and Richardson (1987) and seeks to 

estabhsh which factors are important when scaling up a fractional precipitation 

procedure from laboratory to pilot-plant scale. The effect of process interactions such



as the consequences of poor debris removal achievable in pilot-scale centrifuges on 

fractional precipitation behaviour will be investigated. Furthermore the potential role of 

fractional precipitation within a process environment currently heavily focused toward 

chromatographic separation techniques has been assessed.

This introductory chapter contains:

• A review of the theoretical arguments proposed to explain the salting- 

out properties of neutral salts.

• Descriptions of some of the en^hical models which have been used to 

describe the solubility profiles of proteins in neutral salts.

• Details of the unit operations used in this study which may have an 

inq)act on fractional precipitation behaviour and a description of the 

models used to describe the behaviour of these operations.

• Scope of the thesis i.e. definition of process limits and outhne the aims 

of the thesis.

1.2 Neutral salt precipitation

Neutral salt have long been used to precipitate proteins from aqueous solutions. 

Figure 1.1 illustrates the solubihty profile of a typical single protein solution to which 

neutral salt is added.

Figure 1.1 Typical solubility profile of single protein in aqueous-salt solution

s

X
Where I represents the ionic strength of the salting out salt (mol/L) and S 

equals the solubihty of the protein.
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Addition of the neutral salt initially increases the solubihty of the protein in the 

solvent phase, a phenomena known as 'salting-in', and Anther addition of salt reduces 

the solubihty of the protein until eventuaUy ah the protein transfers to the sohd phase, 

as ihustrated in the 'salting-out' region of the solubihty curve in figure 1.1.

There have been attendis to use thermodynamic techniques to describe protein 

solubihty profiles. These have been based on electrostatic and/or hydrophobic 

interactions and more recently on the preferential interaction of solvent/salt with the 

protein. There now foUows a brief summary of the different thermodynamic theories 

proposed.

1.2.1 Electrostatic theory

'Salting-in' of proteins can be explained by apphcation of the Debye-Hückel 

theory to the protein solution. Since proteins are charged macromolecules counter 

charged ions in the aqueous salt phase wUl form an ionic atmosphere surrounding the 

protein. This ionic interaction decreases the electrostatic free energy of the protein in 

solution and hence decreases the chemical activity of the protein in solution enhancing 

its solubihty. Electrostatic theories are limited when it comes to explaining the salting 

out region of the precipitation curve. Only the theory proposed by Kirkwood (1943), 

could account for this phenomena in this model the protein is described as a dipole 

producing a cavity in the solvent/salt phase which induces polarisation of the solvent 

phase. As salt concentration increases the repulsive forces between ions and similarly 

charged part of the protein dipole become larger, until it is energeticahy unfavourable 

for the protein to be in solution. A further limitation of the electrostatic theories 

developed to describe protein precipitation by neutral salt addition is that none can 

account for the vast differences in precipitation behaviour observed when using 

different neutral salts.
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The difference in the salting-out properties of neutral salts have been shown to 

depend on the anionic species of the neural salt. The saltmg-out efficiency of neutral 

salts follow the lyotropic or Hoffineister series (1888):

Phosphate > Sulphate > Citrate > Chloride

The more chaotropic the salt the less effective its salting out properties. As 

chaotropic species are those which disrupt solvent structures this implies that solvent 

structures are crucial for the stabilisation of proteins in solution as well as proteni-salt 

charge interactions.

1.2.2 Hydrophobic Theory

In order to overcome the limitations of electrostatic theories describing protein 

solubilities change in salt solutions Sinanoglu and Abdulnur (1964) defined the fî ee 

energy change when a protein leaves a theoretical gaseous phase to enter solution as 

being the sum of the electrostatic, Van der Waal, and the cavity-fi*ee energy changes. 

The cavity-fi’ee energy change being the change in fî ee energy which occurs when the 

solvent cavity is stretched to accommodate the protein. The cavity term will depend 

on the surface tension of the aqueous phase which increases with salt addition during 

salting-out. Therefore salting-in occurs when the electrostatic term dominates and 

salting-out when the cavity term increases at high salt concentration.

All naturally occurring proteins contain some hydrophobic amino-acid residues, 

which will tend to be internalised within the tertiary structure when the protein is in a 

aqueous environment forming a hydrophobic core. However there will be some 

hydrophobic amino acid residues near or at the protein surface. These will have a large 

impact on the fi*ee energy of cavity formation as close contact between ionic groups 

and salt in the solvent phase is energetically unfavourable. The fi*ee energy of cavity 

formation was related to the surface area, volume and surface hydrophobicity of the 

protem as well as the surface tension of the salt solution by Melander and Horvath
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(1977). They also correlated the surface tension increase with the lyotropic series, thus 

explaining how precipitation behaviour changes with lyotropic series. However they 

did make some simplifying assunçtions about the specific volumes of proteins in 

solution, assuming that the volume remains constant with increasing ionic strength. If 

as suspected the protein volume does change with salt addition then this will have a 

double effect on the calculation of the fiee energy of cavity formation; inq) acting on the 

volume and surface area terms in the derivation.

In their work Melander and Horvath (1977) tried to correlate protein 

precipitation behaviour with retention of the protein on a Hydrophobic interaction 

chromatography (HIC) matrix with some degree of success. However not all HIC 

behaviour could be correlated to precipitation behaviour since some HIC hgands have 

the potential to penetrate the protein surface into hydrophobic pockets.

The most serious limitation to the precipitation model proposed by Melander 

and Horvath (1977) is that it could not account for the observation that neutral salts 

such as MgCl2  and CaCl2  increase the surface tension of the aqueous phase but are not 

very effective as precipitation salts.

1.2.3 Preferential Interactions

The most recent theory developed to describe the solubihty protein in neutral 

salts is the concept of preferential interactions (Arakawa and Timasheff 1985). When 

a protein is in an aqueous salt solution, the salt ions may preferentially associate with 

the protein or it may be preferentially hydrated. The degree of preferential 

hydration/salt association may be determined experimentally by densimetric techniques 

and can be expressed as grams solvent/gram salt preferentially found in a dialysis bag 

per gram of protein compared to the dialysing solution.

Under low salt conditions, using a salting-out salt, preferentially hydration of 

the protein is the dominant situation even though it is energetically unfavourable,
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(protein-protein interaction (precipitation) or ligand-protein interaction (HIC) are even 

less energetically favourable). Increasing the salt concentration eventually tips the 

equUibrium balance in favour of protein-protehi or ligand-protein interaction as 

preferential hydration becomes the energetically least favourable situation.

Salting in salts such as MgCl2  and CaCl2  do not preferentially hydrate but are 

preferentially associated with the protein and as such have been shown to be 

inappropriate for both protein precipitation and HIC, Arakawa (1986). Salts such as 

these can be used to remove proteins which are bound to HIC columns and which can 

not be removed by low salt washes as protein salt interaction is energetically more 

favourable than protein ligand interaction.

1.2.4 Conclusions

The concept of preferential interaction is usefiil in explaining the phenomena 

observed in precipitation and HIC. Unfortunately it is impossible to apply the theories 

to multi-component system and to develop a predictive approach to fractional 

precipitation from a cell homogenate for example, as the number of possible protein- 

protein or protein-hgand interactions are too great. Therefore enq)irical techniques of 

monitoring and studying fractional precipitation have been developed. The next 

section reviews these empirical approaches.

1.3 Empirical modelling of protein solubility curves

In order to increase the purity of the target protein it is possible to add neutral 

salt to the solution to a degree that precipitates contaminating proteins but not the 

target protein. These contaminants can then be removed before precipitating the target 

protein by addition of fiirther neutral salt. This process is known as fractional 

precipitation but to undertake a successfrd fractionation process requires an 

understanding of how protein solubihty changes with respect to salt addition. There
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now follows a review of some of the en^irical techniques used to describe protein 

solubihty profiles, and aid in the design of a two cut fractional precipitation process.

1.3.1 Cohn Plot

The first, and one of the most influential models for the solubility of proteins in 

neutral salts was proposed by Cohn (1925). By plotting the log of the protein 

solubihty against the salt concentration Cohn defined the fohowing empirical 

relationship:

l o g , , S - (3-Kg. I eq 1.1

Where: S = Solubihty of the protein (U/mL)
(3 = Intercept constant (dimensionless)
Ks = Salting out constant (L/mol)
I = Ionic strength of the salting out salt (mol/L)

The Cohn plot is ihustrated below in figure 1.2.

Figure 1.2 Los,̂ Solubility plot developed bv Cohn (19251

p

I (mol/L)
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The plot developed by Cohn was entirely empirical, however it is an extremely 

usefiil relationship. The value of the constant P defines the solubihty of the protein and 

can be shown to be dependent on the pH and the temperature of the system, with a 

minimum value of P for a given protein at the isoelectric point of the protein. The 

value of the constant Kg is dependent on the properties of the neutral salt and as such is 

dependent on the position of the salt in the lyotropic series. As was mentioned in the 

previous section addition of neutral salts to a protein solution results initiaUy in an 

increase in the protein solubihty the phenomena known as 'salting-in', the Cohn plot 

however only accurately describes the salting out portion of the protein solubihty 

profile. This is a major limitation of the relationship, fiirthermore the equation 

inadequately describes the transition region where the protein starts to come out of 

solution.

1.3.2 Derived solubility plot

In a theoretical paper Dixon and Webb (1961) developed a method to maximise 

the fractionation of a single protein fi*om a binary mixture of proteins. In this technique 

the derivative of the protein solubihty curve is plotted starting at the saturation defined 

by the Cohn curve when the protein solubihty starts to reduce (initial salting-out point) 

and finishing at the point where ah the protein is precipitated as ihustrated in figure 1.3.

Figure 1.3 Dixon and Webb (19611 Derived solubility Plot

(dS/dl)

— I
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The ionic strength at which the protein starts to precipitate defines Iq and the 

amount of protein present in a two cut fi’actional precipitation can be determined fi^om 

the area under the curve by integration using the limits and I2  the ionic strengths of 

first and second cuts respectively. The width of the derivative curve is dependent of 

the value of the constant Kg, as this constant defines the gradient of the Cohn curve, 

the value of Iq is dependent of the value of the constant p.

By plotting the derivative curves for both components in a binary mixture of 

proteins it is possible to quantify the contamination of one protein with another that 

wUl be observed in a two cut fi*actional precipitation. Figure 1.4 illustrates this point.

Figure 1.4 Derived solubility plot for two protem component mixture

-(dS/dl)

If the protein described by the right hand derived solubility curve is the target 

protein then the shaded area represents the contamination by the other protein present 

in a two cut fractional precipitation between Ij and I2  Dixon and Webb postulated 

that by manipulation of the process conditions such as pH, tençerature and 

concentration it is possible to differentially alter the solubUities of the two proteins. 

Providing the effect of the process conditions on the values of the constants P for both 

the proteins is quantified then it is possible to determine the conditions which minimise 

contamination of the target protein by the other protein. Separation of the two 

proteins is maximised when the difference between the values of their constants p is 

greatest. However this technique is only apphcable to binary mixtures of protehis and
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makes no allowances for protein-protein interactions and therefore it can not be applied 

to the fractionation of a target protein from a cellular homogenate and alternative 

forms of description must be sought.

1.3.3 Fractionation diagram

Fractional protein precipitation processes have an anecdotal reputation of being 

difi&cult to control within the process industry. This is because fluctuations in process 

temperature or process pH can result in very poor process yields of the target protein. 

In an attempt to provide a rigorous method to operate fractional precipitation 

processes Richardson (1987) developed the concept of the fractionation diagram A 

fractionation diagram has been represented in figure 1.5, the fraction of total protein 

soluble is plotted on the horizontal axis and the fraction of target protein soluble is 

plotted on the vertical axis.

Figure 1.5 Fractionation diagram

Fraction of target 
Protein in solution

i û

Fraction of total 
Protem in solution
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Initially the system will start at point A where all the total protein and target 

protein is in solution, as precipitant is added some of the protein will come out of 

solution until at point B the target protein starts to come out of solution, addition of 

more precipitant results in precipitation of total and target protein until at point D all 

the target protein has left the hquid phase. The fractionation diagram is a powerfid 

tool for process design as it enables the selection of the operating conditions which 

result in the highest purification for a given yield of target protein. If the composition 

of the first and second fractional cuts in a two cut fractional precipitation process are 

represented by points E and F on the fractionation diagram the yield of target protein is 

given by Ay (the difference between points vertical axis co-ordinates of points E and F) 

then the purification factor for the two cut process will be given by the gradient of the 

tie line joining points E and F. For any given yield there are many fractional 

compositions which will result in that yield of target protein. However there is only 

one set of first and second fractional cut conq)ositions that will give rise to the 

maximum purification. Therefore from a fractional precipitation plot, using a conq)uter 

search algorithm it is possible to derive a maximum purification versus yield plot for 

the target protein. Figure 1.6 illustrates the maximum purification plot.

Figure 1.6 Maximum purification versus yield plot

Maximum Purification 

Factor (-)

0-0

Yield of Target Protein (-)
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Richardson made the observation that although the ammonium sulphate 

solubihty profile of a protein may change under dififerent operating conditions as 

observed by Foster et al. (1976), the solubihty profile of the target protein when 

expressed in relation to the solubihty of total protein is less sensitive to fluctuations in 

the process conditions. Using different reaction conditions for exan^le by using batch 

or continuous precipitation procedures, Foster (1976) demonstrated that the terms Kg 

and P fi”om Cohn equation fitted to the solubihty profiles of yeast alcohol 

dehydrogenase and fiunarase were different under different process conditions. This 

observation could have very serious consequences for the operation of a fi^actional 

precipitation process run at the process scale using laboratory scale data and may 

account of the reticence to use precipitation processes at the plant scale. However 

Richardson et al (1989) demonstrated, using Foster's data, that the fractionation of the 

two enzymes from each other always foUowed the same fractionation curve and was 

independent of reactor type.

1.3.4 Sigmoidal Solubility Profiles

In a paper written on the monitoring and control of fractional precipitation 

processes Niktari et al. (1990) fitted a sigmoidal fimction (equation 1.2) to the 

solubihty profiles of enzymes precipitated from yeast homogenates. This equation 

describes a sigmoidal curve and in order to fit the data it has to be normahsed, that is 

expressed as a fraction of the maximum observed activity of the protein modeUed.

h[x) = 1 eq 1.2
(l+(x/a)^)

Where: f(x) = Fraction of protein soluble (dimensionless).
a = Constant (dimensionless).
X = % Saturation ammonium sulphate (dimensionless). 
n = Constant (dimensionless).

20



Figure 1.7 illustrates how equation 1.2 fits to hypothetical protein solubihty 

data. The constant 'a' is equal to the ammonium sulphate saturation at which half of the 

protein under investigation has precipitated and as such is an indication of the protein 

solubihty, i.e. the higher the value of the constant 'a' the higher the solubihty of the 

protein. The constant 'n' equals the gradient of the fitted curve at the point x=a, this 

constant is an indication of how rapidly the solubihty of the protein changes when it 

starts to salt-out.

Figure 1.7 Protem solubility data fitted with equation 1.2

(-)

% Saturation (-)

This expression is an improvement over those detailed previously in this 

section, as it describes the solubihty of the protein in the transition region where the 

protein starts to precipitate and not just in the salting out region. Furthermore by 

fitting the function to the solubihty profiles of proteins produced under different 

operating conditions it should be possible by conq)arison of the fitting constants to 

quantiJfy how protein solubihty changes with respect to those operating conditions.

There now fohows descriptions of the unit operations used in this study the 

performance of which wih have a direct impact on the behaviour of a fractional 

precipitation process.
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1.4 Unit Operations

There are several operations involved in the production and purification of an 

intracellular protein, form fermentation to final product 'pohshing'. In order to reduce 

the size of the study to a manageable level, only precipitation and clarification 

conditions were varied to any degree and the in tac t of this variation assessed on 

precipitation performance. This section ahns to review all the unit operations which 

could possibly impact on fractional precipitation behaviour even though most of these 

operations were operated at fixed conditions throughout this study.

1.4.1 Fermentation

Fermentation conditions influence both the overall product titre and the early 

protein recovery stages in a number of ways. In a review paper Fish & Lilly (1984) 

identified some of the key fermentation conditions which affect product yield and 

recovery. Host cell type, age, harvest time and media type have all been shown to 

influence the product titre and disruption properties of the cell. Work by Sauer et al., 

(1989) has shown that genetically engineered E.coh more easier to disrupt than are the 

native organisms and that cell age also effects the cell's disruption characteristics in a 

homogeniser. Harvest time will have an effect on cell mechanical strength and 

products such as gramicidins synthesis in Bacillus brevis are very sensitive to harvest 

time. The product titre may be at a maximum for only one hour during a given batch. 

Cells grown on defined media are known to undergo lysis more easily than those 

grown on complex media (Gray et al. 1972 & Sauer et al. 1989). The reasons for this 

are not fidly understood but may be related to the avaîlabihty of mechanically stronger 

constituents of the cell wall in complex media.
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To overcome variability problems with the starting materials the work in this 

thesis initially focused on the purification of an intracellular protein form baker's yeast 

as the yeast could be obtained with consistent processing properties.

1.4.2 Homogenisation

Cell disruption conditions will determine the quantity of sub micron cell debris 

material known as fines present when cells are broken open to release their contents. If 

the cell disruption conditions using high pressure and many passes then large quantities 

of fines will be produced that will have to be removed prior to any chromatographic 

procedure to prevent column fouling (Siddiqi et al 1991). When developing a protocol 

for the recovery of an intracellular protein fi'om a microbial source the ideal cell 

disruption process would ensure release of intracellular components and minimise the 

production of fines. In order develop an understanding of cell disruption in 

homogenisers workers have generated enq)irical models that describe protein release.

Early work to model the disruption kinetics of Saccharomyces cerevisiae in an 

industrial homogeniser was carried out by Hetherington et al., (1971). Using an APV 

homogeniser they derived the following empirical relationship:

Logio(Rm/(Rm-R))=KNP2 9 eq 1.3

Where: R ^ = Maximum releasable protein, (kg.kg-^)
R = Measured released protein, (kg.kg-^)
K = Rate constant, (bar^^)
N = Number of passes through homogeniser (dimensionless).
P = operating pressure of homogeniser (bar(g))

In another paper Follows et al. (1971) also investigated the release of 

intracellular enzyme fi'om yeast and correlated the maximum rate of enzyme release 

with their intraceUular location. Neither of these workers proposed any mechanism for 

ceU disruption in the homogeniser as they lacked specific fluid dynamic data related to
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the movement of fluid through the disruption valve. They also could not account for 

the fact that when the homogeniser was run without an in tac t ring its performance 

was greatly reduced. The Hetherington empirical model is limited to operation within 

a range of biomass concentrations and pressures, namely yeast slurries less than 750 

gL’i and pressures greater than 290 bar(g). The biomass limitation is due to the 

rheological behaviour of yeast slurries, that is their highly psuedoplastic behaviour at 

high concentrations.

A disruption theory proposed by Engler and Robinson 1981 defined the 

mechanism for cell in an industrial homogeniser as impingement, not as alternative 

theories suggest: decompression as proposed by Brookman (1974), or the effect of 

turbulent eddies as proposed by Doulah (1975). Using a narrow gem orifice Engler 

and Robinson generated very fine jets of yeast suspensions that were made to impact 

an impingement plate. Adapting the Bemoulh equation, to account for all the possible 

energy losses of the jet, they argued that most of the energy of the jet was discharged 

on impingement. They also derived a first order rate equation for the disruption of 

yeast based on impingement. This equation was similar to eq 1.3 except that values of 

the pressure exponent were 1.17, and 1.77 for Candida utills grown under batch and 

continuous conditions respectively, highlighting that the value of this exponent was not 

only species specific but also dependent on the growth conditions.

Cells which were grown under batch conditions have a mean age greater than 

those fi’om the chemostat, the maturation of these cells appears to increases their 

mechanical strength. This observation was supported by work done disrupting E,coli 

by Sauer et al. (1989), who derived an equation of the form:

Logio[l/(1 - R)] ^  KN^P^ eq 1.4
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Using linear regression and Log plots, values for the exponents a & b were 

determined. They noticed that wild type strains of E,coli were harder to disrupt than 

recombinant strains. Biomass levels and growth conditions also influenced the 

exponent's values. This work however was done using a homogeniser with a different 

mixing chamber to the APV model.

The inq)ingement theory of cell disruption gained further support flrom work 

done by Keshavarz et al. (1990). They investigated the effect of using various valve 

seat geometries on the disruption of bakers yeast in large scale homogenisers. The rate 

of disruption could be increased by reducing the impact distance and the valve gap, 

both of which effect the hr^ingement velocity. They also related cell disruption to a 

modified form of the Bemoulh equation in a similar way to the Engler and Robinson 

study.

Some workers have focused on the key issue of ensuring ceU dismption under 

conditions which promote efficient protein release without compromising the 

subsequent separation of debris jfrom the product. Kloosterman et al.(1988) 

investigated the dismption of yeast and the effect of dismption conditions on the 

filtration behaviour of the homogenate using a bead mill homogeniser. Protein release 

was measured for various residence times and bead speeds. A particle size distribution 

was determined for the homogenate, as was the blockage resistance, based on D'arcy"s 

law of filtration for each homogenate. From this they determined that the optimal 

blockage resistance was a fimction of residence time in the bead mill.

By passing Bakers yeast through an APV homogeniser Su et al. ,(1987) 

measured the particle size dismption and filtration behaviour as a function of the 

number of passes. The paper is short on detail however and has some omissions:

i) There was no statistical data provided in the paper about the particle size distribution 

and values for the standard distribution of particles sizes were not provided.
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ii) Analysis of the homogenate was carried out using a Coulter counter so only 

particles sizes down to 1.0 pm were estimated.

iii) No pH data of the homogenate was provided even though the authors claimed to 

have altered the homogenate filtration behaviour by changing the pH.

In this study presented in this thesis cell disruption was carried out in an APV 

homogeniser and disruption conditions were fixed to ensure that the starting material 

for precipitation was as consistent as possible for each experiment.

1.4.3 Centrifugation

The models used to describe centrifugation are based on the sedimentation 

velocity for the particles present which are derived fi*om Stoke's law. When a particle 

is exposed to a centrifijgal field its settling velocity can be determined firom the 

following:

d^(P,-PiKr
18r| eq. 1.5

Where: Vg = Settling velocity (ms'^).
d = Diameter of particles (m). 
pp = Density of particles (kg.m-^).
Pj = Density of hquid phase (kg.m ̂ ).
CO = Angular velocity (s'l). 
r = Distance of particle firom axis of rotation (m).
T| = Liquid phase viscosity (N.s.m-^).

It can be seen fi*om eq 1.5 that the settling velocity is proportional to the square 

of the particle diameter. Debris recovery is enhanced if the size of the sohd phase is 

large. In a process where homogenisation is used for cell disruption protein release is 

enhanced by increasing the higher number of passes through the homogeniser, but 

separation of cell debris may be subsequently impaired with successive passes through 

the homogeniser. Therefore careful thought has to be given at the design stage, in
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order to determine the homogenisation conditions which maximise the protein release 

and cell debris recovery as was discussed by Siddiqi et al.(1991).

Separation efficiencies will also depend upon the de-watering abihty of the 

centrifuge. Small bench top centrifuges wUl be able to generate higher sedimentation 

velocities than plant sized equipment. The losses of product due to entrapment of the 

hquid phase within the sedimented ceU debris may be quite significant. Hence this 

factor would have to be considered when attempting to extrapolate mass balance data 

firom small scale work, to describe large scale separation. A further difference between 

bench scale and pilot plant centrifuges is the velocity gradient which protein are 

subjected to when accelerated in the larger machines and the possible damage caused 

to the protein by high stress rates in the presence of any gas hquid interface.

Industrial scale centrifugal performance was mimicked on the laboratory scale 

using the Sigma concept developed by Ambler (1952). That is Sigma, the equivalent 

area in a sedimentation tank, and Q is the volumetric throughput in m ^s"\ QÆ is 

therefore an indicator of the degree of centrifugation.

The equivalent Q/Z (ms"l) for a laboratory centrifuge can be predicted using a
model

derived by Trowbridge (1962), it the defines Q/Z so:

4.6 logjo 1

CO  ̂t
eq 1.6

Where: Q = Volumetric throughput (m  ̂s’̂ ).
Z = Sigma fimction, equivalent area in gravitational settling tank (m )̂. 

= Inner radius of fluid firom axis of rotation (m)
= Outer radius of fluid flrom axis of rotation (m).

CO = Angular velocity of the centrifuge (s'l) . 
t = Centrifugation time (s).

27



The Sigma concept could ideally be used to relate the clarification obtained by 

lab scale equipment to that obtained using pilot scale machines. However in large scale 

equipment solid particles undergo very rapid acceleration, and a high degree of shear 

rates, for example when they enter the feed zone of a disc stack centrifuge. This degree 

of shearing will alter the size distribution of the solids present, producing a larger 

population of finer particles, making the material harder to sediment. Therefore large 

scale machines are likely to produce material with different sedimentation 

characteristics to that clarified in a lab centrifuge. It is possible to determine an 

empirical factor by which the Q/S for a bench top machine must be decreased to 

describe the equivalent degree of clarification achieved in an industrial centrifuge. 

Using this approach might produce relationships between scale of centrifuge which 

were system specific, it is however beyond the scope of this project to develop a model 

based on more fundamental principals.

The limiting Q/S for process scale disc stack is around 5 x 10"^ ms'^ 

(Mosqueria et al. 1981), which will not remove the finer particles from a yeast 

homogenate. Failure to removal cell debris prior to high resolution chromatographic 

separation could significantly alter the process performance as well as reduce the 

operational life of the chromatographic matrix. One solution to this problem would be 

to use high 'g' tubular bowl centrifuges for clarification of homogenate, or alternatively 

use a fiocculatmg agent to help debris removal.

In this thesis sigma theory was used to compare the centrifugal conditions used 

at the pilot and laboratory scale.
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1.5 Aims of thesis

i) This thesis will atten^t to develop a process engineering framework for the design of 

ammonium sulphate fractional precipitation procedures. The laboratory scale 

precipitation of alcohol dehydrogenase from Sacharomyces cerevisiae (baker's yeast) 

will be used as a test system to illustrate the effect of: operation pH, cell debris and 

homogenate dry weight on protein solubihty isotherms. The baker's yeast system was 

chosen since it was a source of cellular material which could be obtamed with batch to 

batch consistency. Cellular disruption conditions were fixed throughout the work to 

firrther ensure that process constancy. CeU debris loading into the precipitation step 

was varied by adjusting the clarification conditions to mimic those obtained in a pUot- 

scale centrifuge.

ii) An attempt wiU be made to use the laboratory scale results in the design of a pilot 

scale two cut fractional precipitation process and identify where deviations between the 

two different process scales occur.

iii) The process design framework wiU be apphed to the purification of an intraceUular 

E.coli protein to estabhsh the generic nature of the approach.

rv) The abihty to use ammonium sulphate fractional precipitation as a method for 

purifying crude homogenate prior to high resolution separation by hydrophobic 

interaction chromatography wiU be discussed.

29



2.0 Materials and Methods

This chapter describes the experimental techniques used in the study of 

yeast ADH purification and those used in the industrial study, the purification of 

an E.C0IÎ protein: Protein X. It is subdivided into the following sections:

2.1 Assays (yeast and E.coli studies).

2.2 Quantification of yeast ADH stabihty.

2.3 Statistical methods ercployed in the analysis of precipitation data.

2.4 Equipment and operations used in the laboratory and pilot scale 

purification of yeast ADH.

2.5 Equipment and operations used in the laboratory and pilot scale 

purification of E.coli Protein X.

2.1 Assays

All precipitation samples were stored overnight at -18 or -40 °C prior to 

assaying. Samples eluted during the chromatograpic purification of ADH and 

those in the ADH stability experiments were assayed in quadruplicate immediately.

2.1.1 Protein Assay

Protein content of samples was estimated by addition of Bradford reagent in 

the modified Lowry (1951) method. Sanq)les were diluted prior to assaying to 

ensure the protein concentration was between 200-1000 |xg/mL so that the 

colormetric readings were within the linear optical density range for the assay. 

Quadruplicate protein assays were carried out in microtitre plates using four 10|iL 

sanq>les with 250 p,L of Bradford reagent (Bio-Rad Ltd.). The absorbance was 

read at 595 nm after 5 minutes using a Minireader II (series 2) plate reader 

(Dynatech Laboratories Inc. Billinghurst, Sussex). The protein concentration was 

estimated by comparing sanq)le absorbance with a standard curve prepared from: 

duplicate lOpL samples of Bovine serum albumin fraction V (BDH, Poole, Dorset)
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at 0, 100, 200, 400, 800 & 1000 p^g/mL protein with 250 |iL of Bradford reagent 

added. The assay was estimated to be reproducible to within ±10%.

2.1.2 Alcohol Dehydrogenase Assay

Alcohol dehydrogenase [B.C. 1.1.1.1] (ADH) catalyses the conversion of 

ethanol to acetaldehyde simultaneously reducing the co-factor NAD to NADH. The 

assay is therefore based on the rate of increase in absorbance at 340 nm which 

occurs when NAD is reduced, and was measured in a spectrophotometer in the 

presence of semicarbazide to prevent the back reaction (Bergmeyer et al. 1983). 

The reaction mixture used consisted of : 600 mM ethanol (Analar, BDH), 1.8 mM 

NAD (grade IB, Sigma), 1.0 mM glutathione (Sigma), 0.62 mM semicarbazide HCl 

(Analar, BDH), in 50 mM Tris-HCl buffer pH 8.8 (Analar, BDH). From the rate of 

change in optical density at 340 nm the enzyme activity was determined by using 

the following formula:

Activity in Enzymic Units = (AODg^(/^t).(l/E).(V/v).(D) eq 2.1

Where: Enzymic Units = p,Moles (substrate converted).min"^.mL"^
E = Extinction Coeffcient^Eg^g for NADH = 6.22 x 10  ̂(OD units/MoleL"^)
V = Total volume in cuvette (mL).
V  - Volume of sanq)le in cuvette (mL).
AOD3 4 o/At = Rate of change in optical density at 340 nm (OD units/min).
D = Dilution factor (-).

The samples were diluted to ensure the rate of change in optical density was 

linear with respect to time over the course of the assay, Lewis (1990) estimated 

that the assay was reproducible to within ±5%.

2.1.3 Glucose 6-phosphate Dehydrogenase Assay

Glucose 6-phosphate dehydrogenase [E.C. 1.1.1.49] (G6PDH) is the first 

enzyme on the pentose phosphate pathway, and requires the presence of the co

factor NADP which is reduced in the reaction. Quantification of G6PDH activity 

was achieved by measuring the increase in absorbance at 340 nm, caused by the
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reduction of NADP to NADPH (Bergmeyer et al. 1983). The reaction mixture 

consisted of: 3 mM glucose 6-phosphate (Analar, BDH), 0.4 mM NADP (Analar 

BDH), 7 mM magnesium chloride (Analar, BDH), 50 mM Tris-HCl buffer (Analar, 

BDH) pH 7.5. The rate of change in optical density at 340 nm was converted to 

enzyme activity by apphcation of formula 2.1, and the extinction coefficient for 

NADPH = 6.22 x 10  ̂ OD units for a Molar solution (Bergmeyer 1983). 

Reproducibility for the assay was as for the ADH.

2.1.4 Protein X

The activity of the recombinant E.coli protein (which can not be identified 

for reasons of commercial confidentiahty) was determined by Tritium 

incorporation. Please note this Protein X bears no relation to the other protein of 

the same name. A tritium labelled substrate was bound irreversibly to the protein. 

The protein-tritium labelled substrate coniplex then was precipitated by the addition 

of 14% trichloric acetic acid and the precipitate was collected by filtration, washed 

to remove unbound tritium labelled substrate and then dried prior to suspension in 

scintillation fluid. Quantification of protein X activity was achieved using a LKB 

scintillation counter (LKB Biotechnology, Uppsala, Sweden), values are quoted in 

Disintegrations per minute per millilitre of sanq)le (DPM/mL). The reproducibihty 

of the assay was estimated to ± 10% all critical samples were assayed at least in 

quadruplicate.

2.1.5 Dry weight determination

Samples of slurry material, for example the sohds left post centrifugation, 

were placed on pre-weighed aluminium boats, weighed, dried overnight at lOO^C 

and then weighed again to determine water content. For Hquid sarcples a known 

volume of Hquid was placed on a weigh boat which was placed in the 100® C until 

no further weight loss was observed. This technique was found to be repeatable to 

within ±5%.
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2.1.6 SDS PAGE

Gel electrophoresis was used to check the purification of yeast ADH and 

the E.coli protein at the pilot scale. Non reducing and reducing conditions were 

used for the yeast ADH and reducing conditions only for the E,coli protein. The 

gels were run and developed using a Phast gel system (Pharmacia LKB 

Biotechnology AB, Uppsala, Sweden). High and low molecular weight markers 

were run simultaneously with the gels.

2.2 Quantification of yeast ADH stability.

The stabihty of yeast ADH was measured using the foUowing procedure: 

Yeast homogenate was produced as described in section 2.4.1. Hydrochloric acid 

(IM) or sodium hydroxide (IM) was used to adjust the pH of three 265 mL 

fi'actions to 5.0, 6.5 and 8.0. Another sangle of the same homogenate without 

alkalii or acid addition at pH 5.8 was clarified at the same time as the fi'actions at 

pH 5.0, 6.5 and 8.0 by centrifiigation for 55 minutes at 11 000 rpm in a Beckmann 

JSA12 centrifuge, fitted with a 6 x 300 mL rotor (Q/E = 1.7 x 10"1® ms"^) at 4 ®C. 

Dry weight and ADH activity of the homogenate before and afl:er centrifugation 

were measured (section 2.1). Th pH of the clarified homogenate sarnples was 

adjusted if nesecaary with IM NaOH/HCl and then they were maintained at 4, 25 

and 37®C and the ADH activity measured over a period of six hours.

In a second experiment ADH activity was measure in clarified homogenate, 

produced as described above, at pH 5.8, 25®C over 4 hours.

A third study was conducted to quantify the stabihty of yeast ADH which 

had been precipitated by sohd or hquid ammonium sulphate addition. In this 

experiment hquid or sohd ammonium sulphate was added to clarified homogenate 

at pH 5.8 to a final saturation of 40% (ah saturations quote in this work are based 

on a saturated solution of ammonium sulphate at 5°C = 3.97 M (Dawson, 1989)). 

The suspension was clarified by centrifugation at 11 000 rpm, for 55 minutes, in a
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Beckmann JSA12 laboratory centrifuge (Q/E = 1.7 x 10"l® and the ADH

activity of the supernatant (first cut), which was kept at 25®C, was measured at 

regular intervals over four hours. Liquid and sohd ammonium sulphate was added 

to sarqples of this supernatant to increase the saturation to 60%. Precipitated 

material fi^om the 60% saturation sanq>les was sedimented by centrifugation under 

the same conditions that were used for the first cut clarification and the precipitate 

resuspended to an approximate saturation of 40% to simulate the conditions used 

for the recovery of yeast ADH from a two cut fi’actional precipitation. The ADH 

activity of this resuspended material was monitored for three hours at 25 ® C. All 

assays were carried out within five minutes of sample withdrawal, in quadruphcate. 

Values were estimated to reproducible within ± 5 %.

2.3 Statistical methods employed in the analysis of precipitation data.

2.3.1 y} Analysis

The mathematical function derived by Niktari et al. (1990) was fitted to the 

solubihty profiles of yeast ADH and total protein, and a sigmoidal function 

developed in this work was fitted to the fi’actionation data. The statistical 

significance of these approaches was estimated using y} analysis. Values of the y} 

statistic were determined for each fit (Clarke and Cooke, 1982). By defining the 

degree of fi*eedom of the system as N -1 (where N = number of data points) it was 

possible to use the probabihty distribution of y} to determine the significance of the 

fitted functions (Clarke and Cooke, 1982). Significance values quoted in this work 

therefore represent the probabihty that the fit is not the result of random chance. 

Only fits with a significance greater than 95% were accepted.
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2.4 Equipment and operations used in the laboratory and pilot scale 
purification of yeast ADH.

The operations used in this study are described sequentially first for the 

yeast ADH process at the laboratory and then the pilot scale.

2.4.1 ADH Purification: Laboratory scale

At the laboratory scale ADH purification was achieved by a combination of 

ammonium sulphate fractional precipitation and Hydrophobic interaction 

chromatography. Protein precipitation was studied over a pH range of 5.0 - 8.0 to 

estabhsh the pH at which the maximum differential separation of ADH from total 

protein occurred. Yeast ceUs were disrupted by homogenisation and precipitation 

was achieved by the addition of saturated hquid ammonium sulphate (Analar grade 

or better BDH, Poole Dorset) to yeast homogenate.

2.4.1.1 Cell Disruption

The primary stage in the recovery of any intraceUular protein is ceU 

disruption. In this experimental study ceU disruption was achieved using a high 

pressure homogeniser, since this technique can easily be scaled up.

Baker's yeast was obtained in 12 Kg boxes from DistiUers Co. Ltd. 

(Crawley, Sussex) and were stored at 5° C until required, for both laboratory and 

pilot-scale work. The yeast was suspended in 0.1 M buffer made with Analar grade 

chemicals (BDH Poole Dorset). Sodium acetate buffer was used for the pH range

5.0 to 5.5, deionised water (no buffer) was used for pH 5.8 and potassium 

phosphate buffer for pH 6.0 to 7.0 and Tris-HCl for 7.5 to 8.0. Yeast suspensions 

were made up at 450 g (packed weight)/L, typicahy by suspending 1350 g of yeast 

in 3 htres of buffer or water. CeU disruption was achieved by passing the 

suspension through a Manton Gaulin High Pressure Homogeniser (Model 30 CD 

APV, Crawley, Sussex, UK), five times at 500 Bar(g). The pH of the homogenate 

was checked after disruption, since ceU waft breakage releases proteins and nucleic 

acids aU of which have a buffering capacity and tend to result in the pH shifting
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toward 5.8. The pH was adjusted if necessary, back to the starting pH, before 

clarification.

2.4.1.2 Homogenate Clarification

Homogenate was clarified by centrifugation at 11 000 rpm for 1 hour at 

5°C using an MSE Europa 24 centrifiige (Fisons Ltd, Loughborough, UK), fitted 

with a 6 X 300 mL rotor. (Centrifugation for any longer than one hour at this speed 

did not result in any better clarification as determined by dry weight analysis). 

These clarification conditions correspond to a Q/Z value 1.69 x lO-̂ ® nis"^, 

calculated using equation 2.2 (Trowbridge 1962):

equation 2.24.6 logio ■’2 r, '

r , + n .
(co^t)

Where: Q = Volumetric throughput (m^ s"^).
Z = Sigma fimction (m^).
r̂  = Inner radius of fluid fiom axis of rotation (m) 
r̂  = Outer radius of fluid fiom axis of rotation (m).
( 0  = Angular velocity of the centrifuge (s"^) .
t = Centrifugation time (including acceleration, but not deceleration) (s). 

After clarification the supernatant was decanted fiom the sohds and the hpid 

layer skimmed off.

2.4.1.3 Determination of solubility properties

Precipitation studies were carried out in a 1 L stainless steel jacketed 

stirred tank reactor. The internal diameter of the reactor was 105 mm with four 

equaUy space bafldes each with a width of 10 mm Stirring was achieved with a 

Rushton turbine impeUer (35 mm diameter), rotated at a speed of 200 rpm, 

producing a mean shear rate of 37 s"l (HoUand 1973), with a tip speed of 0.367 

ms"l. Cold glycol was apphed to the jacket with the cooling rate being controhed
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manually to maintain a constant temperature of 5 as measured by a platinum 

resistance probe, coupled to a calibrated multimeter.

In all small scale experiments 400 mL of clarified homogenate was placed in 

the reactor and a known volume of saturated hquid ammonium sulphate added 

using a 50 mL plastic syringe with a 4 cm piece of Teflon tubing on the end. 

Saturated ammonium sulphate was made by dissolving 520g of ammonium sulphate 

(Analar grade or higher, BDH, Poole Dorset) in O.IM phosphate/acetate/Tris 

bufier/deionised water, depending on the pH of the homogenate (see section 

2.3.1.1), to a final volume of one htre. The pH of the saturated solution was 

adjusted with IM sodium hydroxide or IM hydrochloric acid to match that of the 

homogenate and the solution stored at 5°C until required. In the experiments 

where a buffer was not used the ammonium sulphate was made up in deionised 

water and the pH adjusted with 5M hydrochloric acid to that of the homogenate. 

The higher concentration was used to keep the change in volume of the ammonium 

sulhate to a minimum

The volume of ammonium sulphate added to the homogenate to achieve the 

desired saturation for precipitation was defined by equation 2.3 (Dawson, 1989):

Vg = Vi ( Satf- Sati) eq 2.3
(lOO-Satf)

Where: = Volume of saturated ammonium sulphate to add (mL).
Vi = Initial volume (mL)
Satf = Final Saturation of solution (%)
Sati = Initial Saturation of solution (%)

Precipitation samples were withdrawn fi*om the centre of the reactor using a 

50mL syringe with a 4 cm piece of Teflon tubing on the end. Two minutes after the 

addition of the ammonium sulphate and sangles were taken at 0, 20, 30, 35, 40, 45, 

50, 55, 60 & 65 % saturation such that after withdrawl the volume in the tank was 

returned to 400 mL. A representitive 25 mL fraction of each of these sanq)les was 

clarified by centrifugation at 14 000 rpm for 45 minutes at 5 ® C in a MSE Europa
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24 centrifuge (Fisons Ltd), using a 24 x 14 mL rotor (Q/S=5.1 x lO-i® ms"^), prior 

to assaying the supernatant phase for ADH, G6PDH and Protein (see section 2.1). 

In an earlier study Foster (1972) had demonstrated that to prevent over

precipitation hquid ammonium sulphate and homogenate should be left to 

equihbrate for at least 4 minutes prior to assaying. To check the sampling 

procedure used in this work samples at 45% saturation were withdrawn from the 

reactor two minutes after addition of ammonium sulphate and the other 30 minutes 

later. The ADH activity of the sanq)le's supernatants were measured after 

clarification and were found to be within 2 % of each other. In ah subsequent 

experiments the samples were ahowed to equihbrate for two minutes prior to 

sample withdrawal. This observation is not at variance with the work of Foster 

(1972) since the by the time solution had been clarified and assayed the sohd and 

hquid phases had at least 1 hour in which to reach equilibrium.

2.4.1.4 Hydrophobic Interaction Chromatography

Material for HIC purification was prepared using a two cut ftractional 

precipitation with ammonium sulphate. The method used is outlined below:

200 mL Homogenate (pH 5.8)
+

145 mL of sat hquid ammonium sulphate

Equilibrate by stirring at 250 rpm for 30 minutes
:

Clarify for 55 minutes at 11 000 rpm (Q/E = 1.7 x 10“ ®̂ ms"^)

322 mL supernatant (first cut)
+

37.6 g sohd ammonium sulphate 

Equihbrate by stirring at 250 rpm for 30 minutes
i

Clarify for 55 minutes at 11 000 rpm (Q/E = 1.7 x 10"l® ms"^) 

Resuspend sohd phase (2nd cut) material
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A 200 mL sample of homogenate (pH 5.8) was placed in a batch reactor 

(described in 2.4.1.3) and 145 mL of sohd ammonium sulphate added to produce a 

solution with a 42 % saturation of ammonium sulphate. The mixture was left to 

equihbrate for 30 minutes in the batch reactor stirred at 200 rpm (mean shear rate = 

37 s"i ), before clarification in a Beckmann JSA12 centrifuge fitted with a 6 x 300 

mL rotor, by centrifugation at 11 000 rpm for 55 minutes (Q/Z = 1.7 x lO'^®). 

ADH activities and protein concentrations of the supernatant and the resuspended 

sohd phases were measured. A 322 mL sanq>le of the first cut supernatant was 

placed in the batch reactor and 37.6 g of sohd ammonium sulphate was added to 

produce a solution with a 62% saturation of ammonium sulphate. The mixture was 

ahowed to equihbrate in the reactor for thirty minutes and was then clarified under 

the same conditions as those used for the first cut clarification. ADH activities and 

protein concentrations in ah the supernatant and resuspended sohd phases were 

measured (section 2.1). Sohd phase material fi*om the second fractional cut was 

resuspended by the addition of 500 mL of 1.6 M ammonium sulphate achieved by 

gentle stirring with a magnetic stirrer bar. The resuspended material was turbid as 

it contained a smaU amount of particulate material. To prevent fouling of the HIC 

column this material was removed by centrifiigation in an Eppindorff centrifuge 

(model 850L Germany) for 10 minutes at 12 000 rpm, (Q/Z = 1.76 x 10"  ̂ms"l).

The separation of ADH was achieved using a XK 25 column (Pharmacia 

LKB Biotechnology AB, Uppsala, Sweden), packed with 106 mL of Butyl Toy a 

650S (Toso Haas, Bioseparation Speciahsts, Cambridge). AU operations packing; 

equilibration, loading and elution were carried out using a Waters 650E hquid 

handling system (Waters Milhpore (UK) Ltd, Watford). The column was packed 

at a linear flow rate of 147 cm/h (12.0 mL/min) using 1.6 M (approximately 40 % 

saturation) ammonium sulphate, 20 mM Tris-HCl, pH 7.5 buffer, and pre- 

equihbrated with the same buffer at a linear flow rate of 67.8cm/h (5.5 mL/min). A 

11 mL sample of resuspended second cut to a final saturation ammonium sulphate
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concentration of 1.6M, (7.03 mg/mL total protein, 147.9 U/mL ADH) was loaded 

onto the column at a linear flow rate of 73.7 cm/h (6.0 mL/min). The loaded 

column was washed with two column volumes of 1.6 M ammonium sulphate, 20 

mM Tris-HCl, pH 7.5 buffer to remove any unbound material. The ammonium 

sulphate concentration in the elution buffer was then reduced to 0 M over 10 

column volumes using a linear ammonium sulphate gradient. Eluted fi'actions were 

collected using a LKB 16 fi'action collector (Pharmacia LKB Biotechnology AB, 

Uppsala, Sweden), at three minute intervals which corresponded to a 18 mL 

Jfraction size. Each fraction was subsequently assayed for ADH and total protein 

(section 2.1).
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2.4.2 ADH Purification Pilot Scale

A flow sheet describing the process used for the pilot scale recovery of 

yeast ADH is given in figure 2.1.

Figure 2.1 Process Flow Sheet for the two fractional precipitation of Yeast
ADH on the pilot (50L1 scale

2 Kg Baker's Yeast + 6.4 L H^O

8 L Yeast solution @ 208 g/L (dry weight)

Homogenise (16 minutes at 500 bar(g) 5 ®C) (Homogeniser flow rate = 2L/minute)

8 L Homogenate + [35 L H^O + 11.5 Kg (KH^)2 S0 4  (pre-dissolved)]

50 L of Homogenate @ 43% Saturation (KH^)2 S0 4

9 L Discharge H^O -> Recovery of Liquid Phase and debris removal
(centrifiigation Q Æ = 7.5 x 10" )̂

^  :
11 L SoHds^ + 48 L Supernatant^

48 L Supernatant + 7.5 Kg (NH^)2 S0 4

52 L @ 63% Saturation (NH^)2 S0 4

2.5 L Discharge H^O Recovery of sohd Phase
(centrifugation Q /Z = 7.5 x 10'^)

4.9 L Sohds^ + 50.1 L Supernatant^^

Superscripts:
a - Sohds resuspended and assayed for ADH and Total protein, 
b - Supernatant assayed for ADH and Total protein.
c - Supernatant further clarified at 6 000 g for 1 hour and sohds resuspended and 
total protein and ADH activity measured in both phases.

2.4.2.1 Cell Disruption

A yeast ceh suspension was prepared by dissolving 2 Kg of packed yeast in 

6.4L of deionised water to a final volume of 8 L. The suspension was disrupted 

by recycling through a Manton Gaulin High Pressure Homogeniser (Model 30 CD 

APV, Crawley Sussex), for sixteen minutes at 5°C and 500 Bar(g), equivalent to a
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mean number passes of 3.5 based on a flow rate of 120 L/b through the 

homogeniser and assuming good mixing in the return vessel. A sealed 10 L 

pressurised polypropylene container (Nalgene, Fisons Ltd, Loughborough, UK) 

was used to ensure containment of the disrupted material. The material was 

recycled to the container and displaced to the homogeniser by 0.5 bar(g) hehum 

over pressure, provided by a hehum cylinder. The pH was checked afl;er disruption 

and was found to be 5.8.

2.4.2.2 Precipitation and Clarification

Ammonium sulphate for the first cut was prepared by pre-dissolving 11.5 

Kg of ammonium sulphate in 35L of deionised water. The pH of the solution was 

adjusted to the homogenate pH (5.8) using 5M HCl, prior to addition to the 

homogenate. After addition of the ammonium sulphate to the homogenate 

(prepared as described in section 2.4.2.1) the first cut material had a final volume 

of 50 L and an ammonium sulphate saturation of 43%. The first cut material was 

stirred for 20 minutes in a 75 L vessel, (LH Fermentation, Reading, Berkshire, 

UK), fitted with a Rushton turbine 100mm diameter at 45 rpm, (mean shear rate 8.2 

s"\ tip speed 3.66 x 10'^ ms“ )̂ at 5® C.

First cut clarification was achieved using an equivalent Q/S = 7.5 x 10'  ̂ in 

a Westfaha CSA 1 disc stack centrifuge (WestfaUa Separator AG, Oelde, 

Germany). These values of Q/E were determined by apphcation of the foUowing 

formula for a disk stack machine (Trowbridge 1962):

E= 47tno  ̂(r̂  ̂+ r̂ )̂
3gtan0 eq2.3

Where: E - Equivalent area in a gravity settling tank (m^) 
r̂  = Inner radius of disc (m) 
r̂  = Outer radius of disc (m).
CO = Angular velocity of the centrifuge (rads.s^) . 
n = Number of discs. (-) 
g = Gravitational acceleration (ms ̂ ).
0 = Disc half angle (rads)
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Supernatant clarity was monitored visually in order to detect precipitant 

breakthrough. The Q/E values quoted were obtained by adjusting the flow rate of 

the feed through the centrifuge until the clarity of the supernatant could not be 

inq)roved by further reduction in the flow rate. The flow rate for the clarification of 

the first firactional cut was 50 L/h and for removal of the precipitated proteins in the 

second cut 37 L/h. Solids were discharged fi*om the centrifuge every 15 minutes 

both during the first cut clarification and during sedimentation of the second cut. 

Discharged sohds fi*om the first cut was very dense partly due to the fact that they 

contained ceh debris as weU as material precipitated in the first fi’actional cut. 

Discharged sohds fi'om the second cut had a very similar appearance to the second 

cut feed.

Sohd ammonium sulphate was used for second cut precipitation to keep the 

volume of the second cut low. The mass of ammonium sulphate required to 

achieve the second cut saturation was determined as described by Dawson (1989) 

and the second cut was clarified using an equivalent Q/E = 5.5 x 10-̂  ms"^. Process 

volumes, ADH activities and total protein concentration of ah sohd and hquid 

phases into and out of each centrifugal operation were measured (using assays 

described in section 2.1). The second cut supernatant was clarified by 

centrifugation in a Beckmann JSA12 centrifuge, 6 x 300 mL rotor 11 000 rpm at 5 

for 20 minutes (Q/E = 4.7 x lO'^® ms"^), precipitated material in this stream 

was resuspened in deionised water prior to assaying.

2.4.2.3 Hydrophobic Interaction Chromatography

Material precipitated in the second jfractional cut was resuspended by the 

addition of 2 L of deionised water to an approximate saturation of 40% ammonium 

sulphate (determined by conductivity) and placed in 3 x 3 L conical flasks and 

agitated in an orbital shaker (New Brunswick Scientific, Eddison New Jersey) at 60 

rpm for 1 hour at 5 ®C. Some particulate material did not resuspended from the
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second cut, implying dénaturation and had to be removed by centrifiigation m a 

Beckmann JSA12 centrifuge, 6 x 300 mL rotor 11 000 rpm at 5 for 20 minutes 

(Q/Z = 4.7 X 10“l® ms”l) before application to the chromatography matrix.

Separation was achieved using a 170 mm diameter Amicon Moduline Glass 

G series column (Amicon Limited, Stonehouse, Gloucestershire) packed with 5 L 

of Butyl Toya 650M (Toso Haas, Bio separation Speciahsts, Cambridge). Column 

packing, equhibration, sample loading and elution was achieved using a Waters 

2000 hquid handling system (Waters Mhhpore (UK) Ltd Watford). The column 

was packed at a linear flow rate of 79.3 cm/h (300 mL/min) using 1.6 M (40 % 

Saturation) ammonium sulphate in 20 mM Tris-HCl pH 7.5 buffer, and then 

equihbrated by passing 10 L of the same buffer at a linear flow rate of 66.1 cm/h 

(250 mL/min). This flow rate was subsequently used for loading, washing and 

elution of the column. A 3 L sample of resuspended second cut material (prepared 

as described in section 2.4.2.2, 2.8 mg/mL total protein & 30.5 U/mL ADH) was 

loaded onto the column. The loaded column was washed with two column 

volumes (10 L) of 1.6 M (40 % Saturation) ammonium sulphate in 20 mM Tris- 

HCl pH 7.5 buffer to remove any unbound material. The ammonium sulphate 

concentration m the column was reduced mstantly post washing to 1.0 M (25 % 

saturation) and the column washed with two column volumes at 1.0 M ammonium 

sulphate, in 20 mM Tris-HCl pH 7.5 buffer. The hquid handling system was used 

to reduce the ammonium sulphate concentration to 0.4M over 6 column volumes 

using a linear gradient. Fractions were coUected using a LKB 16 fraction cohector 

(Pharmacia LKB Biotechnology AB, Uppsala, Sweden) at four minute mtervals (IL 

fi'actions) and the fi'actions assayed for ADH and total protem as described in 

section 2.1. Two identifiable ADH active peaks were eluted from the HIC column 

as shown in figure 3.32. Fractions 41-50 (major peak) were pooled to form a 

representative sample whhe the activity of the other peak reached a maximum 

activity in fraction 34. Both peak sanqiles were desalted by gel filtration and loaded 

onto ion exchange matrices to enhance their purity.
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2.4.2.4 Gel Filtration

Two sanq)les which were representative of the two ADH active peaks 

eluted from the HIC column of 200 mL each were desalted: sanq)le 1 pooled ADH 

fractions 41-50 and a sangle from fraction 34 (see section 2.4.2.3). The sangles 

were passed through an Amicon 40 mm column packed with 950 mL of Sephadex 

G25M (Pharmacia LKB Biotechnology AB, Uppsala, Sweden) at a flow rate of 

150 mL/min, using a Waters 2000 hquid handling system and 20 mM Tris-HCL, pH

7.5 as a desalting buffer. Desalted peaks were identified by their absorption at 

280 nm and the conductivity measured to ensure that it was below 4 mS. ADH 

activity and total protein content of ah the eluted peaks was measured by the 

method described in section 2.1.

2.4.2.5 Ion Exchange Chromatography

Ion exchange chromatography was used to purify the material further to 

increase the protein concentration which had been diluted by de-salting. As the 

process pH (pH 7.5) was above the isoelectric point of ADH an anion exchange 

matrix was used. A XK16 column packed with 17 mL of high performance Q 

Sepharose (both from Pharmacia LKB Biotechnology AB, Uppsala, Sweden) and 

used for this procedure. The column was packed at a linear flow rate of 120 cm/h 

(4 mL/min) using 20 mM Tris-HCl, pH 7.5, and equilibrated by washing the column 

using with two column volumes of the same buffer at the same flow rate.

Sarnples were loaded onto the ion exchange matrix at a linear flow rate of 

120 cm/hour (4 mL/min) using a Waters 2000 Hquid handling system The loaded 

column washed with 2 column volumes of 20 mM Tris-HCl, pH 7.5. Elution was 

achieved by increasing the sodium chloride concentration in the buffer over 10 

column volumes to 1.0 M NaCl using a linear gradient. The column was 

subsequently washed with two column volumes at 2 M NaCl to remove any bound 

material. Fractions were coUected at 255 second intervals, which corresponded to 

a 17 mL (one column volume) fraction size using a LKB fraction coUector. AU
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fractions were assayed for ADH and total protein as described in section 2.1. The 

table below summarises the material loaded onto the ion exchange column.

Conductivity
(mS)

Volume (mL) Activity Protein
(mg/mL)

ADH Pooled 
Fractions 41-50

2.5 320 5.14 (U/mL) 0.105

ADH
Fraction 34

2.3 300 0.29 (U/mL) 0.08

Eluted active peaks from the separations were analysed using SDS PAGE 

(section 2.1.6) on a Pharmacia Fast gel system (Pharmacia Biotechnology AB, 

Uppsala Sweden) under reducing and non reducing conditions, along with sanq)les 

from throughout the process (section 2.1).

2.5 Equipment and operations used in the laboratory and pilot scale 
purifîcation of E.coli Protein X.

2.5.1 E.coli Protein X Purification: Laboratory scale

2.5.1.1 Cell Production

E.coli cells were obtained by batch fermentation using a complex media in 

two 450 L batch fermentations. Protein X production was induced by addition of 

IPTG in the late exponential phase of growth. The cells were harvested using a 

Westfaha CSA 19, disc stack centrifuge (Westfaha, Separator AG, Oelde, 

Germany) and washed with 20 mM Tris-HCl pH 7.5. The discharged ceUs were 

then sedimented using an MSE Sorval centrifuge (Model RC 3B, Du Pont, 

Wilmington, Delaware), fitted with a 6 x IL rotor, at 5 000 rpm (709 g) for 30 

minutes at 5®C. The ceh were stored at -40®C until required. The two 

fermentations yielded 1.1 and 0.8 Kg of wet ceUs respectively. These ceh paste 

slurries were pooled and then separated into two 0.95 Kg batches for precipitation 

studies.

46



2.5.1.2 Cell Disruption

An E,coU suspension was made by resuspending 950g of frozen cell pellet 

in deionised water to a final volume of 5 L. The cells were disrupted by recycling 

through a 30 CD homogeniser at 120L/h for ten minutes at 5®C and 500 Bar(g), 

equivalent to approximately three passes through the homogeniser. Recycling the 

suspension was used in order to minimise the risk of organism release. Disruption 

of the material was confirmed by microscopic inspection. The pH of 5 x 500mL 

sartq)les of the homogenate was adjusted by the addition of 2M sodium hydroxide 

so that pH of the samples ranged from 6.0 to 8.0 in steps of 0.5. (Protein release 

was approximately 76 mg/g wet cells).

2.5.1.3 Homogenate Clarification

Homogenate sanq)les prepared as above (Section 2.5.1.2) was clarified 

using a Beckmann JSA 12 centrifuge, fitted with a 6 x 300 mL at 11 000 rpm for 

55 minutes (Q/Z= 1.7 x 10-̂ ° ms"^) at 5®C. These clarification conditions were to 

ensure maximum clarification.

2.5.1.4 Determination of E.coli protein X precipitation solubility profile

Precipitation of the E.coli protein X was carried out in a 3 L glass reactor in 

a room maintained at 5®C. The internal diameter of the reactor was 150 mm and it 

was fitted with four baffles 15 mm wide. Agitation was achieved by a Rushton 

turbine 50 mm in diameter rotated at a 250 rpm, mean shear rate equivalent to 

45.8s"i and tip speed = 0.654 ms'^. Each homogenate sarcple was placed in the 

reactor and saturated liquid ammonium sulphate (Analar Grade, BDH) at the same 

pH as the homogenate added to the vessel to achieve the desired ammonium 

sulphate saturation. The volume added was determined from equation 2.2. Samples 

were subsequently withdrawn by a 50 mL syringe (as described in section 2.4.1.3) 

at 0, 20, 40, 50, 55, 60, 64, 68, 72, 76, 80, 84 & 88 % saturation ammonium 

sulphate, two minutes after ammonium sulphate addition and the samples clarified
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in an Eppindorff centrifiige at 12 000 rpm for 20 minutes (Q/E= 1.7 x lO ®̂ ms"^) 

at 5® C. Samples were assayed for total protein and protein X (as described in 

section 2.1).

2.5.1.5 Small scale two cut fractional precipitation processes

Two small scale (500 mL) two cut fi*actional precipitations using clarified 

and unclarified homogenate were conducted. A quantity of firozen cell pellet 

(95Og) was suspended to a final volume of 5 L in 20 mM Tris-HCl pH 7.5 and 

disrupted as described in section 2.5.1.2. 500 mL of the homogenate was also 

clarified under the conditions described in section 2.5.1.3 in a Beckmann JSA 12 

centrifiige. In the simultaneous experiment another 500 mL of the homogenate was 

left unclarified before undergoing a two cut fi'actionation process. The first cut was 

taken at 49 % saturation and the second cut at 77% saturation ammonium sulphate 

saturation in both experiments. First and second cut material, were clarified by 

centrifiigation in a Beckmann JSA 12 centrifuge, fitted with a 6 x 300 mL at 11 000 

rpm for 55 minutes at 5°C (Q/Z = 1.7 x lO'̂ ® ms"^). Volumes and activities of 

protein X an total protein (section 2.1) were monitored into and out of each 

centrifugal operation.

2.5.1.6 Hydrophobic Interaction Chromatography

Small scale experiments were run to estabhsh which HIC matrix gave the 

best resolution of protein X. Resuspended second cut (77% saturation) material 

was clarified using an Epindorff centrifuge and used to test the separation of protein 

X on Ethyl ToyaPearl 650S, Phenyl Toyapearl 650S and Butyl Toyapearl 650S 

(Toso Haas, Bio separation Speciahsts, Cambridge).

Using a Waters 650E hquid handling system, a 14 mL sample of 

resuspended second cut material, (16.0 mg/mL, 9.74 x 10^ DPM/mL protein X) 

was loaded onto a XK25 column (Pharmacia LKB Biotechnology AB, Uppsala, 

Sweden) packed with 66 mL of Ethyl Toyapearl 650S at a linear flow rate of 67.8
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cm/h. The column had been pre-equilibrated with 2.0 M ammonium sulphate, 20 

mM Tiis-HCl, pH 7.5 buffer. The loaded column was washed with two column 

volumes of 2.0 M ammonium sulphate, 20 mM Tris-HCl, pH 7.5 buffer. The 

ammonium sulphate concentration was reduced to 0 M over 10 column volumes 

using a linear gradient. Elution fractions were collected using a LKB fraction 

collector (Pharmacia LKB Biotechnology AB, Uppsala, Sweden), at three minute 

intervals which corresponded to a 18 mL fraction size, and were subsequently 

assayed for Protein X and total protein.

Similar procedures was used for Phenyl and Butyl Toyapearl summarised

below:

Table 2.2 loading conditions apphed to different HIC media

Matrix Column Vol 
(mL)

Load
(mL/mg/DPM)

Wash (CV) Elution 
Gradient (CV)

Ethyl Toya 
Pearl 650s

66 14/224/
1.37x10»

2 CV @ 2.0M 10

Phenyl Toya 
Pearl 650s

69 13/ 207/
1.27x10»

2 CV @ 2.0M 10

Butyl Toya 
Pearl 650s

106 20/320/
1.95x10»

2 CV @ 2.0M 10

Second Butyl 
Toya Pearl 
650s run

106 20/320/
1.95x10»

2 CV @ 2.0M 2.0M 
—̂1.25M 
instantly, 
1.25M ^ 
0.6M
over lOCV

The best separation of the protein X form the total protein was achieved 

using Butyl Toya Pearl (figures 4.5-4 7). A second Butyl Toya separation was 

conducted using shghtly different elution gradient conditions designed to enhance 

further the purification protein. The gradient conditions are summarised in table 2.2 

and the results plotted in figure 5.9 and similar gradient conditions were used in the 

process scale purification HIC.
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2.5.2 E.coli Protein X Purification Pilot Scale

A flow sheet describing the process used for the pilot scale recovery of 

E.coli Protein X is given in figure 2.2.

Figure 2.2 Process Flow Sheet for the two fractional precipitation of E.coli 
Protein (Protein XI at the pilot (50L1 scale

8 Kg E.coli cells + 3 L of 20mM Tris-HCl pH 7.5

10 L suspended cells
4.

Homogenise (20 minutes at 500 bar(g) 5 ®C, flow rate = 120 L/h)

10 L Homogenate + [40 L of 20mM Tris-HCl pH 7.5+ 14 Kg (KH^)2 SO^ (pre
dissolved)]

50 L of Homogenate @ 48% Saturation (NH^)2 SO^

4L Discharge H^O —> Recovery of Liquid Phase and debris removal 
(centrifugation Q Æ = 7.5 x 10'^ ms"^)

6 L Sohds^ + 48 L Supernatant^

48 L Supernatant + 10.65 Kg (NH^)2 S0 4

55 L @ 80% Saturation (NH^)2 S0 4

Recovery of sohd Phase 
(centrifugation Q Æ = 7.5 x 10"9 ms'l)

 ̂ i
5.6 L Sohds^ + 49 L Supernatant^

Superscripts:
a - Sohds resuspended and assayed for protein X and Total protein, 
b - Supernatant assayed for protein X and Total protein.

2.5.2.1 Cell Production

Material for large scale precipitation studies was produced by one 4 000 L 

fermentation using the same complex media as in the small scale work. Production 

of Protein X was induced in the late e?q)onential phase of growth by the addition of 

IPTG. The cells were harvested and washed as described in section 2.5.1.1. A total 

yield was 8.0 Kg of wet cell paste as obtained and frozen at -40° C
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2.5.2.2 Cell Disruption

The frozen cell pellet (8 Kg) was resuspended to a final volume of 10 L 

using 20 mM Tris-HCl, pH 7.5 and the cells disrupted by recycling through a 30 

CD homogeniser for 20 minutes at 5®C and 500 Bar(g), the flow rate through the 

homogeniser was 120 L/h equivalent to a mean number of 2.5 passes through the 

homogeniser. The pH of the was checked and adjusted after disruption to 7.5 the 

precipitation pH.

2.5.2.3 Precipitation and Clarification

Material for the first fractional precipitation cut (48% Saturation), was 

produced by the addition of 14 Kg of Ammonium Sulphate pre dissolved to as final 

volume of 40 L in 20 mM Tris-HCl at pH 7.5 and added to the 10 L of homogenate 

before centrifugation. Mixing was carried out using a 75 L reactor (LH 

Fermentation, Reading, Berkshire, UK) with temperature controlled to 5® C. The 

material was left to reach equilibrium for 30 minutes while the centrifuge was set 

up. Clarification of the solid and liquid phases was carried out using a WestfaUa 

CSA19 disc stack centrifuge with an equivalent Q/S = 4.62 x 10’̂  ms"^ (from eq 

2.3). This Q/Z value was achieved by adjusting the flow rate of the feed through 

the centrifuge until the clarity of the supernatant could not be improved by further 

reduction in the flow rate. The flow rate for the first cut clarification was 100 L/h. 

This centrifuge did not require a discharge until aU the first cut material had been 

clarified. To increase the saturation of the clarified first cut material 10.65 Kg of 

ammonium sulphate was added and the material stirred in the same 75 L reactor as 

before for 30 minutes and at 5®C. Separation of the second cut hquid and sohd 

phases was achieved using a flow rate of 100 L/h (equivalent Q/Z = 4.62 x 10'  ̂

ms“ )̂. Sohd phase material was removed by discharge at the end of the run. 

Process volumes and activities of protein X were monitored into and out of each 

centrifugal operation.
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The solids from the second cut precipitation were resuspended by the 

addition of 3.3 L of deionised water to an approximate saturation of 50% (2.0 M) 

ammonium sulphate, (determined by conductivity) and placed in 4 x 3 L conical 

flasks and agitated in an orbital shaker (New Brunswick Scientific, Eddison, New 

Jersey) at 60 rpm for 1 hour at 5 to enhance resuspension. Some particulate 

material did not resuspended from the second cut and had to be removed by 

centrifugation in a Beckmann JSA12 centrifiige, 6 x 300 mL rotor at 11 000 rpm 

at 5 for 20 minutes 55 minutes (Q/Z = 6.2 x 10"  ̂ms"^). This observation may 

indicate that the some of the material had denatured possibly in the centrifuge.

2.5.2.4 Hydrophobic Interaction Chromatography

Separation of the Protein X was achieved using a 170 mm diameter Amicon 

Moduhne Glass G series column (Amicon Limited, Stonehouse, Gloucestershire), 

packed with 5 L of Butyl Toya 65 OM (Toso Haas, Bio separation Speciahsts, 

Cambridge). Column packing, equilibration, sample loading and elution were 

achieved using a Waters 2000 liquid handling system (Waters Milhpore (UK) Ltd 

Watford). The column was packed at a linear flow rate of 79.3 cm/h (300 

mL/min) using 2.0 M ammonium sulphate in 20 mM Tris-HCl pH 7.5 buffer, and 

then equilibrated with by passing 10 L of the same buffer at a linear flow rate of

66.1 cm/h (250 mL/min). This flow rate was also used for loading washing and 

elution of the column. A 5L sanq)le of the resuspended second cut material 

(section 2.5.2.3), (12 mg/mL protein and 2.43 x 10  ̂ DPM/mL protein X) was 

loaded onto the column. The loaded column was washed with two column 

volumes (10 L) of 2.0 M ammonium sulphate in 20 mM Tris-HCl pH 7.5 buffer to 

remove any unbound material. The ammonium sulphate concentration was reduced 

by the liquid handling system to 1.25 M and the column washed with two column 

volumes at 1.25 M ammonium sulphate to ensure all the unbound material had 

eluted, in 20 mM Tris-HCl pH 7.5 buffer. The ammonium sulphate concentration 

was further reduced to 0.6 M over 6 column volumes using a linear ammonium
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sulphate gradient. Fractions were collected using a LKB 16 fraction collector 

(Pharmacia LKB Biotechnology AB, Uppsala, Sweden) at four minute intervals 

(IL  fractions) and the fractions were assayed for protein X and total protein 

(section 2.1).

2.5.2.5 Gel Filtration

Material eluted from the HIC step was desalted by gel filtration in order to 

reduce the solution's ionic strength prior to binding to an ion exchange matrix. 

Peak fractions of protein X (fractions 28-46) from the HIC separation were pooled 

to form a representative sanq)le. The sample was passed through an Amicon 40 mm 

column packed with 950 mL of Sepahdex G25M (Pharmacia LKB Biotechnology 

AB, Uppsala, Sweden) at a flow rate of 150 mL/min using a Waters 2000 liquid 

handling system with 20 mM Tris-HCL, pH 7.5 as a desalting buffer. The desalted 

peak was identified by it's absorption at 280 nm and it's conductivity measured to 

ensure it was below 4 mS. Protein X activity and total protem content of the eluted 

peak were measured (section 2.1).

2.5.2.6 Ion Exchange Chromatography

Ion exchange chromatography was used to purify the protem X further and 

to increase the protem concentration which had been diluted by de-salting. As the 

process pH (pH 7.5), was above the isoelectric point of protein X an anion 

exchange matrix was used. An XK16 column packed with 17 mL of high 

performance Q Sepharose (both from Pharmacia LKB Biotechnology AB, Uppsala, 

Sweden) was used. The column was packed at a linear flow rate of 150 cm/h (5 

mL/min) using 20 mM Tris-HCl, pH 7.5, and equilibrated by washing the column 

using with two column volumes of the same buffer at the same flow rate.

Samples were loaded onto the ion exchange matrix at a linear flow rate of 

120 cm/h (4 mL/min) using a Waters 2000 liquid handling system. The loaded
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column washed with 2 column volumes of 20 mM Tris-HCl, pH 7.5 at the same 

flow rate. Elution was achieved by increasing the sodium chloride concentration in 

the buffer over 10 column volumes to 1.0 M NaCl, using a linear gradient. The 

column was subsequently washed with two column volumes at 2 M NaCl to 

remove any bound material. Fractions were collected at 255 second intervals, 

which corresponded to a 17 mL (one column volume) fi'action size using a LKB 

fraction collector. All fractions were assayed for protein X and total protein. The 

table below, table 2.3, summarises the material loaded onto the ion exchange 

column.

Table 2.3 M aterial loaded onto ion exchange matrix

Conductivity
(mS)

Volume (mL) Activity Protein
(mg/mL)

Protein X 
Pooled
Fractions 28-46

3.0 310 4.41 X 104 
DPM/mL

0.14

Eluted active peaks from the separations were analysed using SDS PAGE 

(section 2.1.6) on a Pharmacia Fast gel system, (LKB Biotechnology Uppsala, 

Sweden) under reducing and non-reducing conditions, along with samples from 

throughout the process.
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3.0 Results and discussion: Laboratory Yeast ADH precipitation study

This chapter contains results and discussion on the laboratory scale study of 

yeast ADH purification by fi’actional precipitation. The main aim of this chapter is use 

the results generated to develop and define a jframework for the design of a two cut 

fractional precipitation process. The results and discussion are presented under the 

following headings:

3.1 Quantification of yeast ADH stability

3.2 The fractionation diagram

3.3 Selection of a fimction to represent yeast protein solubihty isotherms

3.4 Effect of process conditions on the fractional precipitation of yeast ADH

3.5 Selection of operating conditions for a two cut fractional precipitation 
process

3.1 Quantification of ADH stability

The design of a protein purification process can be enhanced by an 

understanding of where and how process losses occur. Process losses can occur as a 

result of inefficient recovery operations or because the product is unstable or it has 

been damaged by the process conditions. The processing time for an unstable product 

will be a crucial factor determining the overall productivity of that process. An 

understanding of the rate of product inactivation is therefore necessary to enable 

reahstic process modelling of a purification procedure. To estabhsh the stabihty of 

ADH under different operating conditions its activity was measured over a range of 

temperatures and pH, in the presence of cell debris and also in the presence and 

absence of ammonium sulphate.

3.1.1 ADH stability with respect to temperature and pH

The activity of highly clarified homogenate (prepared as described in section

2.4.1.2), was measured at pH 5.0,5.8,6.5 & 8.0 over 6 hours at 4, 25 and 37° C and
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the results of these experiments are presented in figures 3.1-3.3. All activities ŵ ere 

measured in quadruphcate within 5 minutes of san^ling. Assay errors were estimated 

to he within ± 5%. The results are expressed as a percentage of the initial activity.

The activities of the sarcples at 4® C are shown in figure 3.1. All showed an 

increase in activity after four hours which paradoxically could signal denaturing of the 

ADH, since some proteins display an increase in activity prior to denaturing as the 

active site becomes more accessible to the substrate (Fersht 1977). At 25® C (figure

3.2) an increase in activity was seen for all sanq)les after 4 hours followed by a fall in 

activity as described previously for the sanq)les at 4 ®C. The trends were, however, 

more pronounced than for the 4 ®C data. The decline in ADH activity was very 

marked at 37 ®C in all samples as shown in figure 3.3. Therefore when designing a 

fractional precipitation process to recover ADH it is recommended that the 

temperature is maintained at 4®C in order to minimise the losses through dénaturation. 

The relative decline m ADH activity was very similar at all the pH conditions studied, 

however the initial enzyme activities at the different pH conditions varied greatly. This 

phenomena is studied in more detail m section 3.4.4.

3.1.2 Effect of clarification on ADH homogenate stability

The ADH activity in highly clarified and unclarified homogenate was monitored 

at pH 5.8 and at 25° C. The activity fell at a similar rate in both samples as illustrated 

by figure 3.4. Rate constants and half lives for ADH deactivation were determined, 

assuming a first order decay in ADH activity and have been summarised in table 3.1:

Table 3.1 Rate constants for the rate of dénaturation of yeast ADH in clarified

Rate Constant (min'^) Half Life (minutes)

Unclarified Homogenate 0.00083 835

Clarified Homogenate 0.00079 877
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Provided the homogenate is processed within 65 minutes then the loss in 

activity should not exceed 5% (from the value of the half life given in table 3.1), this 

should be sufficient time to add ammonium sulphate to the homogenate.

3.1.3 Effect of ammonium sulphate on ADH Stability

The presence of ammonium sulphate is know to enhance the stabihty of some 

proteins. To estabhsh whether ammonium sulphate preserved ADH activity, 

ammonium sulphate was added either in hquid or sohd form to homogenate (prepared 

as described in section 2.4.1) to obtain two sanq)les at 40% saturation which were 

subsequently clarified by centrifugation. The ADH activity was monitored in both 

clarified sangles over four hours, at 25°C. Figure 3.5 indicates that the activity in both 

sarq)les fohowed a similar pattern over the time course of the experiment and that the 

activity in both samples increased shghtly over the first four hours. However the 

activity increase is only marginahy above the level of experimental error so this 

observation must be treated with caution.

Sohd and hquid ammonium sulphate was added to the respective clarified first 

cut material to a final saturation of 60%. The sohd phase was recovered by 

centrifugation and deionised water added to the sohds to achieve a final saturation of 

approximately 40% (determined by conductivity measurement). Partial resuspension 

was achieved by slowly filling and emptying a syringe with the precipitated material 

and deionised water. Activity in the sanq)les was measured over three hours. Both 

showed an increase in activity over this period Figure 3.6. This increase in activity 

might be attributed to the slow solubihsation of precipitated ADH.
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3.1.4 Conclusions

ADH appears to be stable at 4°C with little loss in activity observed in these 

experiments. Slight dénaturation was observed at 25°C and rapid dénaturation occurs 

at 37 °C. Percentage activity in all samples followed a very similar trend at every pH 

although the initial activity varied with respect to pH. Both sohd and hquid ammonium 

sulphate stabihsed the activity of ADH at 25 °C Resohibihsation of precipitated ADH 

occurs over two hours (figure 3.6) and fohowed a similar trend for both sohd and 

hquid addition.

3.2 The Fractionation diagram

Having estabhshed the stabihty behaviour of ADH in the system under 

investigation it was possible to move on to an examination of the fractional 

precipitation of target ADH away from total protein. Selection of fractional cut 

positions is of vital importance in determining the performance of an ammonium 

sulphate fraction precipitation process. The consequences of poor cut selection can be 

disastrous to process performance resulting in inefQcient/uneconomic process design. 

One of the main objectives of this study was to inq)rove upon existing fractional 

precipitation design strategies and this wih be discussed in the next section.

3.2.1 Fractionation diagram fitted with third order polynomial

In a study of fractional precipitation of yeast ADH Richardson (1987) 

developed the concept of the fractionation diagram as discussed in section 1.3.3. In 

order to ihustrate the use of the diagram in this study experimental results have been 

plotted in figure 3.7. In this figure the fraction of ADH soluble is plotted against total 

protein soluble during precipitation and a third order polynomial fimction used to fit 

the fractionation diagram as described by Richardson (1987). The third order 

polynomial fitted to experimental results in figure 3.7 had a regression coefficient (r%)
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equal to 0.9789 suggesting a statistical significance >99% for the fit (Clarke & Cooke 

1982).

The fractionation diagram can be used to optimise the separation of target 

protein from total protein, that is to determine the fractional compositions of first and 

second cuts which result in the highest purification of the target protein. On the 

fractionation diagram the purification fector equals the gradient of the tie line joining 

the fractional conq)ositions of the first and second cuts. Maximum purification, for a 

gwen yield of target protein, is achieved when the yield of target protein is recovered in 

the least possible amount of total protein. On the fractionation diagram this equates to 

the tie line, joining two fractional corrq>ositions, with the highest gradient for a given 

yield (Ay) of target protein.

Once the polynomial fimction describing the fractionation diagram is defined it 

is possible, using a computerised algorithm searching technique (Richardson, 1987), to 

determine the fractional compositions of first and second cuts which result in the 

highest purification for a given yield of target protein. The fractional compositions 

which give rise to the maximum purification for a 90% yield of ADH using this data 

are detailed in table 3.2 below:

Table 3.2 Fractional protem and ADH compositions of first and second cuts

ADH Protein

First Cut 0.96 0.67

Second Cut 0.06 0.26

Operating a two cut fractional precipitation under the conditions which produce 

the fractional compositions determined above will result in a purification factor of 2.19 

and a 90% yield of the ADH present. The ammonium sulphate saturations which give
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rise to the fractional compositions shown above can be determined either from the 

solubihty plot of ADH or from that of the total protein. Using the fimction developed 

by Niktari et al. 1990 to describe the solubihty plots of both total protein and ADH (a 

detailed description of the use of this plot is given in section 3.3) the foUowing first and 

second cut saturations were estabhshed:

Table 3.3 Ammonium sulphate saturations required for first and second cuts

ADH Total protein

First Cut sat (%) 42 44

Second Cut sat (%) 65 65

The saturations determined from the solubihty curves for ADH and protein are 

very similar. However using the ADH data is more rehable as the assay had an 

accuracy of ± 5% compared to an accuracy of ±10% for the protein assay, (see section 

2.1), which could possibly explain the shght difference between the two first cut 

saturations predicted from ADH (42%) and protein (44%).

3.2.2 Fractionation diagram fitted with sigmoidal function

In an attempt to in^rove on the approach developed by Richardson a sigmoidal 

fimction equation 3.1 was fitted to the fractionation curve :

^ x) =  ______1______ eq 3.1
(l+(exp“S(̂ "C)))

Where: fijx) = Fraction of target protein soluble (dimensionless)
X = Fraction of total protein soluble (dimensionless) 
c = value of x at which fi[x) = 0.5 (dimensionless).
S = fitted constant which controls the gradient of the

fractionation curve and equals four times gradient of the 
fitted curve at x=c (dimensionless).
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Figure 3.8 was produced by fitting equation 3.1 to the same data which 

produced figure 3.7 the third order polynomial plot. The value of the fitting constants 

were S=15.9, c = 0.47 and the statistic for the fit was found to be 0.001 which 

suggests a confidence level > 99% for this plot. One benefit of using this sigmoidal fit 

is that the constants can be compared to those obtained firom different e?qperiments, 

unlike those produced by a polynomial fit. Moreover, unhke the third order 

polynomial fimction, which tends to produce a fit which is only accurate in the region 

where the fraction of the target protein is changing most rapidly, the sigmoidal fit 

produces lower residuals and describes the whole of the fractionation diagram This has 

clear advantages for design and control

If  the sigmoidal fimction is examined carefiiUy it is possible to derive a 

numerical method for determining the fractional compositions that produce the highest 

purification for any given yield of target protein. The following text details this 

derivation.

The gradient of the tie line between two fractional compositions denotes the 

purification that will be achieved if those fractional conq>ositions are selected for the 

first and second fractional cuts. If the theoretical yield of target protein is reduced 

such that Ay => 0, then the maximum purifrcation factor approaches the value of the 

highest gradient of the sigmoidal curve. Differentiation of equation 3.1 which 

describes the sigmoidal curve yields equation 3.2:

f'(x) =  S . exp-^M   eq 3.2
(1 + exp’2®(̂ ’̂ )+ 2exp'®(̂ * )̂)

The first derivative of the sigmoidal curve in figure 3.8 has been plotted in 

figure 3.9. The maximum value of the first derivative occurs at the point x=c, when 

equation 3.2 reduces to equation 3.3:

f'(c) = S/4 eq 3.3
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Hence the value of the highest maximum purification factor only depends on 

the value of the fitting constant 'S'. If the yield (Ay) is now increased by a small 

increment then there are many values of x which can satisfy the equation 3.4:

^y = f ( x i ) - f ( x 2 ) eq3.4
Where x^= fraction of total protein present in the first cut (dimensionless)

X2 = fraction of total protein present in the second cut (dimensionless)

However there is only one solution of equation 3.4 at which the maximum 

purification factor for any yield of target protein (Ay) is given. That is where equation

3.5 is satisfied:

Ay = ĥ c + d) - ĥ c - d) eq 3.5

Where: d = constant

The gradient of the sigmoidal fimction describing the fractionation diagram has 

its highest value at x=c, and the value of the gradient falls symetrically away at values 

greater and smaller than c (as shown in figure 3.9), such that f(c + d) = f(c - d). It can 

be shown by inspection of the fractionation diagram that only those tie lines (joining 

fractional compositions) with a mid point at ĥ c) will have the highest gradient for any 

yield of target protein (dy), i.e. those satisfying equation 3.5.

Furthermore for any value of d in the range 0 < d < (1-c), the maximum 

purification factor wiill be given by equation 3.6:

Maximum purification factor = fic + d l - f i c - d )  eq 3.6
2d

Using this approach equation 3.5 was solved for c=0.47, S=15.9 and Ay = 0.9 

(90% yield) and the result was d = 0.1851. The fractional compositions of the first 

and second cuts under these conditions are outlined below:
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Table 3.4 Fractional Compositions of first and second cuts based on third order 
polynomial fitted to fractionation diagram.

ADH Protein

First Cut 0.95 0.655

Second Cut 0.05 0.285

Substituting this same value for 'd' into equation 3.6 gave a maximum 

purification factor equal to 2.43, which is higher than that predicted by the polynomial 

method, 2.19 (section 3.2.1). As with the polynomial technique the ammonium 

sulphate saturations required to produce these first and second fractional cuts were 

then determined using the fimction developed by Niktari et al 1990 to describe the 

solubility plots of both total protein and ADH (a detailed description of the use of this 

plot is given in section 3.3) and they are shown in table 3.5:

Table 3.5 Ammonium sulphate saturations required for first and second cuts 
based on solubility profiles of the ADH and the total protein.

ADH Total protein

First Cut sat (%) 43 45

Second Cut sat (%) 66 63

The first and second firactional cut saturation are similar to those in table 3.3 

determined form the third order fit to the fractionation diagram The difference in the 

first and second cut saturations is the same for the two methods based on the ADH 

solubility profiles. However, using the ADH solubility profile, this method suggests 

taking the first and second cut at a 1% greater saturation than by the third order 

polynomial fit.
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In conclusion the results presented so far in this chapter show that for the 

fractionation of target protein from total soluble protein the sigmoidal fractionation 

(equation 3 .1) is superior for prediction of cut positions, for the following reasons:

i) The sigmoidal plot describes the fractionation curve over the whole range of 

solubihty data unlike the third order polynomial plot and therefore resulted in lower 

residual values between the function and the data.

ii) It has been demonstrated that a numerical method can be derived, based on the 

sigmoidal curve, which allows the rapid determination of the optimum first and second 

fractional cut corcpositions for a given yield of target protein.

3.3 Selection of a function to represent yeast protein solubility isotherms

Protein solubihty curves can be represented in a number of ways, one of the 

earhest methods being that developed by Cohn (1925). In this work Cohn used a log 

solubihty plot: the log of (the protein activity divided by the protein activity at zero salt 

concentration), was plotted against the ionic strength of the salting out salt. Describing 

protein solubihty in this way only represents the salting out portion of the curve 

accurately and can therefore be disproportionally affected by one or two data points, 

making it an umehable aid for process control as even very minor change in the protein 

solubihty could result in high process losses. Furthermore as was discussed in section

1.3.1 the Cohn plot is not accurate in the transition region where the protein solubihty 

starts to decrease. In a more recent work Niktari et al. (1990) fitted a sigmoidal 

fimction to the protein solubihty isotherm in ammonium sulphate of the type shown 

below:

hjx) = 1 eq 3.7
(l+(a/x)^)

Where: fijx) = Fraction of protein soluble (dimensionless).
a = Constant (dimensionless).
X = % Saturation ammonium sulphate (dimensionless). 
n = Constant (dimensionless).
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The value of the constant 'a' is defined by the saturation at which half the 

protein/enzyme is in solution. Therefore the constant 'a' is a guide to the solubihty of 

the protein in ammonium sulphate: the higher the value of this constant the higher the 

solubihty of the protein under observation. The constant 'n' is defined by the gradient 

of the fitted curve at the point x=a and is an indication of how rapidly the solubihty of 

the protein changes with ammonium sulphate addition. The main benefit of this 

fimction over the Cohn plot is that it describes the whole of the solubihty profile of the 

protein in ammonium sulphate and not just the salting out portion of the curve.

In this thesis the isotherm (equation 3.7) was fitted to ADH, G6PDH and total 

protein (hquid phase activity data) at pH 7.0 expressed as a firaction of initial activity 

present in figures 3.10, 3.11 and 3.12. Values of the constants 'a' and 'n' were 

determined for each set of experimental data as was the value of the y} statistic. 

Values of the fitting constants and the y} statistic are summarised in table 3.6:

Table 3.6 values of fitted constants and values of y} statistic for the precipitation
of yeast ADH, G6FDH and total proltein at pH 7.0.

Plot (figure) •a' 'n' Significance

ADH (3.10) 53.4 20.3 0.02 >99%

G6PDH(3.11) 57.7 15.9 0.03 >99%

Total Protein (3.12) 47.2 6.7 0.05 >99%o

The value of the constant 'a' indicates that half of the ADH was precipitated 

when the ammonium sulphate saturation was 53.4%, conq)ared to 57.7% for G6PDH 

and 47.2% for the total protein at pH 7.0. As protein solubihty is known to change 

under different operating conditions it was envisaged that the operating pH could be 

used to accentuate the difference between the solubihties of target protein and total 

protein and hence maximise the firactionation of the target protein firom the total 

protein.
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The fimction (equation 3.7) matched closely the experimental data when fitted 

to the G6PDH and ADH and total solubihty data (figures 3.10-3.12). This quahtative 

observation was confirmed by the j}  statistic which indicated a confidence level 

exceeding 99% that the fits were not the result of random chance. An indication of the 

versatihty of the fimction is that it can be used to fit the solubility profile of total 

protein as well as the profiles of individual enzymes. This is a significant result since 

the curve representing total protein solubility is a summation of the solubihty profiles 

of ah the proteins present in the ceU homogenate. The individual protein conq)onents in 

yeast homogenate show a wide distribution of solubihties in ammonium sulphate. It is 

for this reason that the total protein solubihty curve has a gradient of the solubihty 

curve (figure 3.12) lower than that of individual proteins (figures 3.10 & 3.11), 

indicated by the value of the constant 'n' which for total protein is lower than those for 

ADH and G6PDH.

Since the statistical significance of fitting equation 3.7 to fimction was above 

99% in ah cases and the fimction describes the solubihty curve under ah ammonium 

sulphate saturations it was decided to fit the fimction to ah solubihty profiles of both 

individual enzymes and total protein generated in this work.

3.4 Effect of process conditions on the fractional precipitation of yeast ADH

This section contains results of experiments investigating the effects of the 

fohowing process variations on the solubihty profiles of total yeast protein and ADH:

3.4.1 Process pH

3.4.2 CeU debris loading

3.4.3 Yeast concentration

3.4.4 Dry weight and ADH activity present in clarified homogenate with

respect to operating pH

3.4.5 Effect of sohd ammonium sulphate addition on fractional precipitation

66



AU experiments were carried out in a 1 L reactor using 400 mL of homogenate 

as detaUed in section 2.4. Fractional precipitation of ADH was studied with respect to 

pH, in the pH range 5.0 to 8.0. The pH at which maximum purification of ADH for a 

90% yield occurred was determined by apphcation of the numerical method developed 

in section 3.2 and the solubihty isotherm described in section 3.3 (equation 3.7). 

Furthermore the firactionation of ADH firom G6PDH with respect to operating pH was 

estabhshed using the same technique. Process pH was also found to effect ADH 

activity and the clarified homogenate dry weight (an indication of the degree of sohds 

present in the clarified homogenate) and experiments were carried out to quantify these 

observations. Operating pH was finahy selected based on a compromise between 

purification and process yield.

The removal of ceh debris Jfrom yeast homogenate can be achieved to great 

efifect on the laboratory scale using high centrifugal forces and long residence times in 

the centrifuge. These separation conditions are not avahable at the process scale and 

so carry over of ceh debris into the precipitation vessel occurs. In order to study the 

efifect of debris carry over on fi*actional precipitation, protein/ADH solubihty curves 

were generated using yeast homogenate firom the same batch half of which had been 

highly clarified and the rest left unclarified prior to precipitation (see section 2.4.1 for 

experimental detahs).

To reduce process volumes in large scale operations requires ceh disruption and 

precipitation at the highest possible yeast concentration. Homogenisation and 

precipitation were therefore carried out using a range of initial yeast dry weights to 

quantify the efifect of yeast dry weight on the solubihty profiles of yeast ADH and total 

protein (see section 2.4.1 for experimental detahs).

3.4.1 Process pH

Solubihty profiles for yeast ADH, G6PDH and total protein were determined 

over a pH range from pH 5.0 - 8.0 using at least two batch precipitations at each pH.
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Equation 3.7 was fitted to the solubility profiles and values of the constants 'a' and 'n' 

determined. Values of the constants 'a' and 'n' at different precipitation pH are shown 

in figures 3.13-3.18 with error bars added based on the lowest and highest values 

observed for each point. Variation in the value of the constant 'a' was ± 4%, whereas 

variation in the value of the constant 'n' was as much as ± 20%.

The value of the constant 'a' for both the precipitation of yeast ADH and 

G6PDH had a minimum value close to fire protein's isoelectric points (pi) defined by 

Righetti (1976), as being pH 5.4 for Yeast ADH, and pH 5.3 for Yeast G6PDH, 

shown in figures 3.4 and 3.6 respectively. This observation indicates that the proteins 

have their lowest solubihty in ammonium sulphate close to their isoelectric points and 

concurs with earher work on protein solubihty notably that of Dixon and Webb (1961). 

They suggested that the solubihty of a protein, as denoted by the value of the constant 

P from the Cohn (1925) equation (equation 1.1) has a minimum at the isoelectric point 

(pi) and other minima at pH values away from the pi as the increasiag charge on the 

protein is neutrahsed by ions in the solvent phase. The change in the value of the 

constant 'a' with respect to pH exhibits a very similar pattern to that predicted for the 

constant P in the case of yeast ADH and G6PDH. It is interesting to note that the 

value of the constant 'a' for G6PDH as shown in figure 3.15 has two minima one close 

to the isoelectric point and another at pH 7.0, possibly due to charge on the protein 

being neutrahsed by counter ions in the solvent phase.

The value of the constant 'n' for ADH (figure 3.14) was greatest at pH 5 and 

this indicates that the protein precipitated very rapidly at this pH. At all other 

experimental pH values the constant 'n' ranged between 14 and 19. The constant 'n' for 

the G6PDH precipitation profiles (figure 3.16) fohowed a similar pattern to that 

shown by the variation of the constant 'a' with however two minima; one close to the 

iso-electric point of the protein at pH 5.8 and the other at pH 6.5. The constant 'a' for
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total protem had two maxima at pH 5 and 6.2 with a minima at pH 5.8 (figure 3.16). 

The constant 'n' for total protein appeared to increase with pH (figure 3.18).

Knowledge of how the fractionation of target protein from total protein 

changes with respect to pH allows the rapid identification of the operating pH which 

will result in the highest purification of the target protein. Figure 3.19 represents the 

maximum purification of ADH from the total protein that can be obtained for a 90% 

yield of ADH. Figure 3.19 was constructed by determining the ammonium sulphate 

saturations at which 0.95 and 0.05 fractions of the total ADH are soluble (shown in 

section 3.2 to be the fractional conq)ositions which result in the highest purification for 

a 90 % yield of ADH in two cut fractional precipitation). First and second fractional 

cut ammonium sulphate saturations were determined by solving equation 3.7 for fijx) = 

0.95 & 0.05 using the 'a' and 'n' values for ADH corresponding to the relevant pH. 

These first and second cut saturations were then substituted into 3.7 in conjunction 

with the relevant 'a' and 'n' values for total protein to determine the fraction of total 

protein present in the first and second cuts. Having the estabhshed the fractional 

composition of the first and second cuts with respect to ADH and total protein it is 

then possible to calculate the purification factor achieved by such a two cut fractional 

precipitation. This was done for each pH studied and the results are plotted in figure 

3.19. Figure 3.20 was produced by a similarly method except it describes the 

separation of ADH from G6PDH.

Fractionation of ADH from total protein is maximised when precipitation 

occurs at pH 5.0 and precipitation is least effective at pH 6.5 (figure 3.19). Separation 

of ADH from G6PDH is maximised above pH 7.5 as indicated in figure 3.20, though 

this may indicate dénaturation of ADH. Operating at pH 7.0 would however result in 

the lowest fractionation between ADH and G6PDH. Maximising the fractionation of 

one protein from another or from total protein is one optimisation strategy, however 

precipitation operation at the optimal pH for fractionation may not be the optimal pH
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in terms of stability of the protein. Therefore when designing a fractional precipitation 

process both factors have to be considered. Activity with respect to operating pH is 

examined in section 3.4.4.

3.4.2 Cell debris loading

The precipitation of yeast ADH and total protein was studied using unclarifred 

and highly clarified homogenate prepared as described below in order to asses the 

influence of sohds carry-over on fractional precipitation performance.

Precipitation of yeast ADH and total protein was studied using two samples of 

homogenate from the same batch (125 g/L (diy weight), pH 5.8), the first sample 

having been clarified (11 000 rpm for 1 hour or Q/Z = 1.69 x 10" (Trowbridge 

1962)) and the second sample of homogenate, from the same batch, unclarifred (section

2.4.1.2). In both cases hquid ammonium sulphate was added and the precipitation 

method fohowed was as described in section 2.4.1.3.

The equation developed by Niktari et al. (1990) was fitted to the solubihty 

curves of the ADH in precipitated using both types of homogenate and the results are 

shown in figures 3.21 & 3.22. The change in the values of the fitting constants for 

ADH and total protem are summarised in table 3.7:

Table 3.7 Effect of debris loading on the fitting constants to the solubility profiles

'a' Clarified 'a' Unclarified 'n' Clarified 'n' Unclarified
Protein 57.0 54.0 9.7 10.2
ADH 51.0 49.0 22.0 17.6

The results indicated a shght increase in the solubihty of both ADH and protein 

in the clarified material, as noted by the increase in the value of the constant 'a' from the 

fitted solubihty curve fitted. CeU debris has the potential to interact, either by charge 

or hydrophobicity, with the proteins present and therefore to change the solubihty of

70



the proteins. Although charged groups are present on yeast cell debris e.g. cell walls, 

lypo-proteins etc., it is unlikely that charge is the driving force under the conditions 

used. Yeast cell wall debris was shown to act as a cation-exchanger by Shaeiwitz et al. 

(1989), however this efifect could only be achieved under very specific conditions, with 

washed cell wall preparations at low ionic strength. It is more likely that under the 

conditions of high conductivity and ionic strength enq>loyed during precipitation weak 

hydrophobic interactions occur between the cell debris and proteins present. The 

solubihty profile of protein in unclarified homogenate is therefore the solubihty profile 

of a weakly bound debris-protein coroplex, which appears to reduce solubihty of the 

total protein shghtly producing a shght shift in the precipitation profile. Alternatively 

the reduction in ADH solubihty might be explained by the presence of inert ceh debris 

reducing the effective solute volume. As the solute volume is shghtly less in the 

presence of ceh debris addition of ammonium sulphate wih gives rise to a higher 

ammonium sulphate saturation than predicted by the equation used to determine the 

saturation (equation 2.3). However there are two flaws with this argument. It is highly 

unlikely that the ceh debris act as a total barrier to ammonium sulphate, since ceh 

debris is highly hydrated. Furthermore if there is a reduction in effective process 

volume the rate of change of the solubihty profile of the total protein and ADH would 

be increased, the opposite is in fact observed for the ADH data as 'a' decreases for 

ADH and debris.

The shift in the precipitation profile caused by increased ceh debris loading 

could have consequences for a process-scale two-cut fractional precipitation process 

scaled up using smah scale results. If the data for a highly clarified precipitation 

process (given m table 3.7) is used to design a two cut precipitation process then the 

first and second cuts would be taken at 44% and 58% saturation ammonium sulphate. 

The resulting process would have a yield of 90% and a purification factor of 1.94. 

This is provided the same clarification can be achieved at the process scale as at the

71



laboratory scale. However if only poor clarification is achieved and the solubihty 

profiles of ADH and total protein now resemble those achieved when debris is present 

at the smah scale then the resultant two cut process with the same first and second cut 

saturations would give a 82% yield of ADH and a reduced purification factor of 1.45. 

First and second cut ammonium sulphate saturations of 41 % and 58% are then 

required to achieve a 90 % yield in the presence of ceh debris and the purification 

factor achieved by such a process would be 1.47. This result is a further indication of 

the necessity to determine the presence and effect of process interactions when scaling 

up downstream processes.

3.4.3 Yeast concentration

Homogenate was prepared at a range of yeast concentrations, 33, 58, 86 & 133 

g/L (dry weight) respectively. The corresponding dry weights of the homogenate were 

determined before clarification (see section 2.1). Values of the constants 'a' and 'n' 

from equation 3.7 were determined for ADH using 400 mL precipitation studies (as 

described in section 2.4.1) and plotted against homogenate pre-clarification dry weight 

in figure 3.23. Both the 'a' and the 'n' values are highest at the lowest homogenate dry 

weight. The value of the constant 'a' decreases with increasing homogenate dry weight 

indicating a decrease in the enzyme's solubihty at high yeast concentrations. This 

phenomenon; predicted by Dixon and Webb (1961), was confirmed by Richardson 

(1987). Precipitation of a protein occurs when the chemical activity of the protein in 

solution is greater than the chemical potential of the protein in the sohd phase. 

Chemical activity of a protein in solution is proportional to its concentration, so 

increasing the concentration increases the chemical activity and decreases the solubihty 

of the protein (Arakawa & Timashefi^ 1985). The rate of change ADH solubihty as 

defined by the value of the constant 'n' is also highest at the lowest homogenate dry 

weight.
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A two cut fractional precipitation process for the recovery of yeast ADH at 33 

g/L operated to produce a 90% yield of ADH would have first cut saturation of 51 % 

and second cut saturation of 62% ammonium sulphate. At the highest homogenate dry 

weight examined in this study, 133 g/L in order to achieve a 90 % yield of ADH the 

first cut would have to be taken at 41 % saturation and the second cut would be at 

64% saturation ammonium sulphate. This result would indicate that marginally less 

ammonium sulphate is required to precipitate the ADH at the lower of the two 

homogenate dry weights, however the increased process volume required at the lower 

homogenate dry weight far out-weigh the small benefit in reducing the first and second 

cut saturations. At the low homogenate dry weight the high value of the constant 'n' 

means that any small change in the solubihty profile of the target protein however 

would have a greater inq)act on the process efi&ciency, than at the higher homogenate 

dry weight.

3.4.4 Dry weight and ADH activity present in clarified homogenate with respect 
to operating pH.

Manipulation of operating pH can be used to enhance fractional recovery of 

target protein from total protein as described in section 3.4.1. In order to investigate 

the effect process pH would have on ADH activity and homogenate dry weight 

homogenate was prepared and clarified over a pH range from pH 5.0-8.0 (see section

2.4.1 for experimental details). The ADH activity and dry weight of each sample was 

determined and the results presented in figure 3.24.

The dry weight of the clarified homogenate is lowest at pH 5.0 due to charge 

neutralisation and flocculation of the negatively charged cell debris under moderately 

acidic conditions. Above pH 5.0 however there is a noticeable increase in the clarified 

homogenate dry weight as the charge on the ançhoteric debris groups present become 

more negative and the solubihty of the debris increases as a result.
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The highest ADH activity after clarification was observed at pH 5.8 (75 U/toL) 

(figure 3.24) however there is a significant fall in the activity at any other pH. 

Fractionation of ADH ftrom the total protein is greatest at pH 5.0 (figure 3.19). These 

two observations need to be considered together for the design of a successfid 

purification strategy. For exarople if the process was designed with the objective of 

removing as much cell debris as possible prior to precipitation and maximising the 

purification achieved during precipitation then an operating pH of 5.0 would be 

chosen, but would result in a reduction in the process yield by approximately 20% 

conq>ared to operation at pH 5.8. Therefore when designing a fractional precipitation 

process it is essential to consider the consequences of pH on overall yield as well as 

fi*actionation since as described in this section operation of a fi'actional precipitation 

process at the conditions optimal for fi’actionation are those in which overall yield of 

the target protein is significantly reduced.

3.4.5 Effect of solid ammonium sulphate addition on fractional precipitation

In order to reduce the process volumes at the phot scale sohd ammonium 

sulphate was used for second cut preparation in the precipitation studies at the 50 L 

scale. In a previous investigation into the fractional precipitation of yeast proteins, 

Foster (1976) demonstrated that if solid or Hquid ammonium sulphate was used to 

precipitate yeast ADH in a batch reactor the system required approximately 30 minutes 

to reach equihbrium To ensure that solid ammonium sulphate could be used on the 

50L scale without affecting the process the following experiment was conducted.

Homogenate was prepared as described in 2.4.1.1. Solid ammonium sulphate 

was added to a 400 mL sample of the homogenate in a 1 L batch reactor to achieve a 

final saturation of 40 %, as determined by Dawson (1989). The material was stirred 

for 30 minutes at 250 rpm, and the first cut material was clarified by centrifugation at 

11 000 rpm for 1 hour or Q/Z = 1.69 x 10"!^ (Trowbridge 1962). A 400 mL sample
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of the clarified first cut material was put into the reactor and sohd ammonium sulphate 

added. Samples were withdrawn by syringe ten minutes after the addition of the 

ammonium sulphate at the following saturations: 44,48,52,56,60,65 %. Sanq)les were 

clarified as described in section 2.4.1.3 before assaying the supernatant for ADH and 

total Protein (section 2.1). A parallel e^eriment was carried out with 400 mL of 

homogenate from the same batch. In this experiment hquid ammonium sulphate was 

added instead of sohd ammonium sulphate, returning the volume to 400 mL after each 

sanq)le withdrawal.

Solubihty plots were derived for ADH precipitated with sohd and hquid 

ammonium sulphate and these have been plotted in figure 3.25, and equation 3.7 was 

fitted to the solubihty profiles and values of the constants are summarised in table 3.8.

Table 3.8 Values of constants from equation 3.8 fitted to the ADH solubility

Sohd Addition Liquid Addition

'a' Value V Value 'a' Value 'n' Value

51.1210.33 17.09 + 1.67 0.00151 50.92 + 0.26 17.66 ± 1.43 0.00101

(The statistical significance of both fitted plots exceeds 99%.)

This data indicates that the solubihty profile for ADH is unaffected by using 

hquid and sohd ammonium sulphate addition. These results confirmed the observations 

of Foster (1972) and sohd ammonium sulphate was used for second cut preparation in 

the 50 L precipitation.

3.5 Selection of operating conditions for a two cut fractional precipitation process 

This section summarises how the results presented in this chapter can be drawn 

together to form a design framework for a two cut fractional precipitation processes. 

The main steps involved in the framework are given in order below:
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1) The first priority is to determine the stabîhty of the protein under the different 

process conditions which might occur e.g. ammonium sulphate saturation, tenq)erature 

and pH, as this will highlight any operational constraints. Proteins which are unstable 

will require rapid processing or restrictions on process tenq)erature/pH.

2) Ascertaining the effect of process pH on the firactionation of the target protein firom 

total is crucial for optimisation. In this work a sigmoidal isotherm was used to describe 

the fractionation of ADH fi’om total protein and firom this approach it was to possible 

to define a mathematical expression to determine the first and second Jfractional cut 

compositions which result in the maximum purification for a given yield. Using this 

approach in conjunction with the fimction which describes the solubility of ADH and 

total protein in ammonium sulphate it was possible to produce a plot of purification 

factor at 90% ADH with respect to precipitation pH in figure 3.19. This figure 

indicates that maximum purification of ADH fi*om total protein is achieved at pH 5.0.

3) ADH activity in homogenate supernatant is sensitive to operating pH, this is shown 

in figure 3.24, therefore a careful balance has to be drawn up between recovered 

activity and purification. The purification factors achieved in a two cut fractional 

precipitation are much lower than those possible using chromatographic techniques 

which follow precipitation, therefore it is more likely that purification will be sacrificed 

in favour of a higher step yield which in this exanq)le equates to operation at pH 5.8.

4) Operation of a two cut fractional precipitation process on the pilot scale may result 

in debris carry over from the first fractional cut to the second cut. This work has shown 

it is possible to quantify the effects of debris carry over has on process performance by
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detemiming the efifect that cell debris has on the fitting constants of the isotherm which 

describes ADH and total protein solubihty in ammonium sulphate.

In the next chapter the design framework proposed above was apphed to 

purification of yeast ADH by two cut fractional precipitation at the laboratory scale 

and then at the pilot scale. This will estabhsh the apphcabihty of the approach and 

determine design guidelines for process scale up.
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Figure 3.1

Activity of ADH In clarified homogenate,
expressed as percentage of the initial

activity at 4°C
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Figure 3.2

Activity of ADH in clarified homogenate
expressed as percentage of the initial

activity at 25"C
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Figure 3.3

Activity of ADH In clarified homogenate 
expressed as percentage of the initial 

activity at 37°C
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Figure 3.4
Activity of ADH in clarified and 

unclarified homogenate expressed as 
percentage of the initial activity at pH 

5.8. 25°C
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Figure 3.5
Activity of ADH in clarified homogenate 

in the presence of 40% saturation 
ammonium sulphate. pH 5.8, 25°C
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Figure 3.6

Activity of ADH in homogenate precipitated 
at 60% saturation ammonium sulphate, 

resuspended to 40% saturation expressed as 
percentage initial activity at pH 5.8, 25°C
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Figure 3.7

Third Order Polynomial Fitted to ADH 
Fractionation data pH 5.8
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Figure 3.8

Sigmoidal function f(x)=1/(1+(exp-s(x-c))) 
fitted to ADH fractionation data pH 5.8
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Figure 3.9
First derivative of sigmoidal function 
used to fit the fractionation diagram 

(S=15.9,c=0.47)
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Figure 3.10

Equation 3.7 fitted to ADH solubility
data (pH 7 0)
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Figure 3.11

Equation 3.7 fitted to G6PDH solubility
data (pH 7.0)
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Figure 3.12

Equation 3.7 fitted to total protein
solubility data (pH 7.0)
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Figure 3.13
Values of constant 'a' from equation
3.7 fitted to ADH solubility data witfi 

respect to precipitation pH
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Figure 3.14

Values of the constant 'n' from equation
3.7 fitted to ADH soiubiiity data with

respect to precipitation pH
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Figure 3.15

Values of the constant 'a' from equation
3.7 fitted to G6PDH soiubiiity data with
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Figure 3.16

Values of the constant 'n' from equation
3.7 fitted to G6PDH solubility data with

respect to precipitation pH
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Figure 3.17

Values of constant 'a' from equation 3.7
fitted to total protein solubility data with

respect to precipitation pH
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Figure 3.18
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Figure 3.19
Maximum Purification factor for a 
90% yield of ADH with respect to 

operating pH
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Figure 3.20

Maximum purif ication of ADH from 
G6PDH with respect to operating pH
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Figure 3.21
ADH solubility curves using clarified 
and unclarified homogenate (pH 5.8)
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Figure 3.22
Total Protein solubility curves using 
clarified and unclarified homogenate

(pH 5.8)
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Figure  3 .23
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Figure 3.24
Clarified homogenate ADH activity 
(U/mL) and dry weight (g/L) with 

respect to pH (Unclarified homogenate 
dry weight = 76.2 all)
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Figure 3.25

Solublitv curves for ADH
precipitated with solid and liquid 

ammonium sulphate at pH 5.8
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4.0 Results and discussion: purification of yeast ADH by two cut fractional 
precipitation and hydrophobic interaction chromatography

The process design framework developed in chapter three, for the design of a 

fractional precipitation process, was applied to the laboratory scale purification of yeast 

ADH, Using this framework the ammonium sulphate saturations required for first and 

second fractional cuts were determined. Laboratory scale conditions were chosen to 

mimic the large scale operation, that is debris was removed at the same time as the first 

fractional cut to reduce the number of process steps. Precipitated second cut material 

was resuspended and loaded onto a Hydrophobic interaction chromatography (HIC) 

column in an experiment to establish the compatibility of the two techniques. Using 

the small scale results a 50 L fractional precipitation process was run and material 

precipitated in the second fractional cut was resuspended and purified fiirther by HIC.

4.1 Laboratory scale purification of yeast ADH by precipitation and hydrophobic 
interaction chromatography

Yeast ADH was precipitated in a laboratory scale two cut batch process and 

the resuspended second cut material was used in a investigative HIC study.

4.1.1 Determination of small scale precipitation conditions

In section 3.1 the stabihty of yeast ADH was quantified and from these results 

it was established that all material should be maintained below 5°C to prevent process 

losses. The solubility isotherms generated in the previous section were determined at 

5°C therefore this tenq)erature was used as the operating temperature in the cut 

fractional cut precipitations.

Analysis of the results of the experiments investigating the effect of pH on 

precipitation ADH indicated that precipitation at pH 5.0 would result in the highest 

purification for a two cut process. However the recovered activity in precipitation
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processes operated at pH was approximately 75% of that which could be recovered at 

pH 5.8 therefore it was decided that the process should be operated at pH 5.8

Cell debris was removed at the same time as the first cut, as this reduces the 

number of operations required for a two cut process, however this will have an effect 

on the ADH and total protein solubihty profiles. The following values of the constants 

'a' and 'n' for ADH and protein were therefore predicted at pH 5.8 based the results 

determined in section 3.4.1 and were modification to account for the presence of cell 

debris as determined in section 3.4.2:

Table 4.1 ’a* and ’n’ values for ADH and protein pH 5.8, debris removed with 
first fractional cut.

'a' value 'n' value

Protein 49.2 5.76

ADH 51.0 15.0

Using the numerical technique to describe fi’actionation behaviour developed in 

section 3.2, the first and second cut conditions which gave a yield 90% with the highest 

purification factor were found to be: 42 % saturation for the first cut and 62 % 

saturation second cut. These conditions theoretically give rise to a process with an 

overall yield = 89.7 %, and a purification factor =1.79 for ADH.

4.1.2 Operation of small scale two cut precipitation process

Two test firactional precipitation processes were operated on the laboratory 

scale one using the conditions described above first cut = 42 %, second cut = 62 % and 

the other with the first cut = 40 %, second cut = 60 % (the conditions more typically 

used for this process by Foster (1972)). Using the 'a' and 'n' values quoted in table 4.1 

the firactional solubihties of ADH and total soluble protein which should be observed 

have been summarised below:

104



Table 4.2 Predicted solubilities of yeast ADH and total soluble protein various

Sat. Ammonium Sulphate ADH Soluble Total Protein Soluble

40% 0.998 0.767

42% 0.948 0.713

60% 0.080 0.242

62% 0.051 0.209

Furthermore if the predicted solubihties shown in table 4.2 occur during fractionation 

then the foUowing purifications and yields should be observed (assuming perfect 

separation of the sohd and hquid phases):

Table 4.3 Predicted yields and purification factors under different first and 
second cut conditions

Cut conditions ADH Yield Purification Factor

40%/60% 0.918 1.75

42%/62% 0.897 1.79

The results of the two cut fractional precipitations have been presented in tables 

4.4 and 4.5. It can be seen that there was a degree of batch to batch variation 

observed. This occurred even though the feed stock was bought in block yeast there 

was no guarantee at which point in the ceU growth cycle the manufacturers would 

harvest the material. If  for example the cells had been harvested when all the carbon 

source in the growth medium had been exhausted then a certain amount of metabohc 

'scavenging' might have taken place reducing the activity of the ADH present.
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Table 4.4 Process balance for laboratory scale two cut ammonium sulphate 
fractional precipitation of yeast ADH (first cut 42% saturation, second cut 62 %

ADH (Units) Protein (mg)
Overall Balance In Out In Out

Feed 38 402 2 701

First Cut solids 10 437 686
Second Cut Supernatant 1 638 558
Second Cut Solids 25 542 1208

37 616 2 452

Accountable Yield= 98% 91%

Process Yield= 67% 45%

(First cut supernatant = 26 936 2020)

Purification Factor 1st Cut = 0.94 2nd Cut= 1.49

Table 4.5 Process balance for laboratory scale two cut ammonium sulphate 
fractional precipitation of yeast ADH (first cut 40% saturation, second cut 60 %  
saturation).

ADH (Units) Protein (mg)
Overall Balance In Out In Out

Feed 40180 1740

First Cut solids 6 089 164
Second Cut Supernatant 2 010 393
Second Cut Solids 30 047 886

38 145 1 443

Accountable Yield= 95% 83%

Process Yield= 75% 51%

(First cut supernatant = 35 250 1528)

Purification Factor 1st Cut = 1.00 2nd Cut= 1.47
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The overall process yields in both experiments were below those predicted in 

table 4.3. In the two cut process operated at 42 % and 62 % saturations ammonium 

sulphate 27% of the ADH initially present is lost in the sohd phase of the first firactional 

cut. The difference between the observed activity in the predicted activity in the sohd 

phase is largely caused by over precipitation and entrapment of ADH in the hquid 

phase associated with the sedhnented sohds. It appears that under the conditions used 

in these experiments the shght change in saturation from 40-42 % for the first cut 

caused a significant reduction in process yield. The system therefore must be highly 

sensitive to ammonium sulphate saturation around 40 % saturation and for this reason 

it was decided that to operate at the phot scale process using a first cut at 40 %. This 

observation highhghts one of the main reasons why ammonium sulphate has acquired a 

reputation of being difficult to scale up.

The other source of loss in the ADH was in the second cut supernatant. 

Losses in this stream accounted for 4.3 % of the total ADH in the 40/60% saturation 

and 5.0 % in the 42/62 % saturation two cut experiment. These losses are both 

approximately twice those predicted in table 4.2. In the laboratory scale experiment 

settling of the second cut was not a problem, therefore this observation could be the 

result of deviation of the actual precipitation behaviour from that predicted by the 

model or due to the fact there are different alcohol dehydrogenases present in cellular 

homogenate some more soluble than others.

Material from the precipitated second cut of the 42/62 % two cut process was 

re-suspended and used in the small scale HIC study.

4.1.3 HIC Separation

Re-suspended material precipitated by ammonium sulphate has a high residual 

concentration of ammonium sulphate and therefore a conductivity too high for direct
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application to an ion exchange matrix. Hydrophobic interaction chromatography 

(HIC) requires the presence of ammonium sulphate to facihtate protein binding to the 

matrix, so it is appropriate from a process design standpoint to use a HIC separation 

directly after an ammonium sulphate precipitation.

4.1.3.1 Small Scale HIC

A m e  separation protocol was developed on the small scale using resuspended 

second cut material, produced as described in section 4.1.2. The experimental details 

were as described in section 2.4.1.4. The activity and protein concentrations present in 

all the column fractions are presented in figure 4.1. This was used to determine the 

operating conditions of the process scale separation. Two peaks were found to contain 

ADH activity, a minor peak containing approximately 5% of the total activity (fractions 

42-48) and a major peak containing 95% of the total activity (fractions 49-63). The 

possible identity of these peaks is discussed in section 4.2.2.

4.2 Pilot scale purification of yeast ADH by fractional precipitation and 
Hydrophobic Interaction Chromatography

The precipitation process developed in section 4.1 was scaled up to 50L, and 

resuspended second cut material was further purified by hydrophobic interaction 

chromatography and ion-exchange chromatography.

4.2.1 Pilot scale (50 L) two cut fractional precipitation

It was planned to carry out a two cut 50L scale fractional precipitation process 

using the conditions determined in section 4.1.2. However an error was made during 

ammonium sulphate addition and the process was carried out at a first cut saturation of 

43 % and a second cut saturation of 67 %. A process flow sheet summarising the 

experimental conditions was given in section 2.4.2 and the mass/activity balance for 

this process is shown in table 4.6. Activities of the sohd and hquid phases of each of 

the process streams were determined.
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Table 4.6 Process balance for piiot-scale two cut ammonium sulphate fractional 
precipitation of yeast ADH (first cut 43% saturation, second cut 67 %

ADH (Units) Protein (mg)
Overall Balance In Out In Out

Feed 748 800 118 400

First Cut sohds 294 800 96 470
Second Cut Supernatant 214 550 25 650
Second Cut Sohds 149 450 11240

658 800 133 360

Accountable Yield= 88% 113%

Process Yield= 20.0% 9.5%

(First cut supernatant = 542 400 41 760)

Purification Factor lstCut=1.71 2ndCut=2.1

Results of the pilot-scale precipitation may be compared with those obtained on 

the laboratory scale and presented in table 4.4. The recovered yield of ADH 

(determined by dividing the total activity in the resuspended second cut by the total 

activity of ADH in the homogenate) was only 20 % at the 50 L scale compared to 67% 

at the laboratory scale. In the laboratory scale experiments the second cut material was 

recovered by centrifugation under conditions which allowed excellent separation of the 

sohd and hquid phases (Q/Z= 1.7 x lO'̂ ® ). On the pilot scale the centrifuge was 

operated at the flow rate below which no further clarification could be achieved 

(equivalent Q/Z= 7.1 x 10"  ̂ ). The results indicate that under these conditions the 

second cut material could not be sedhnented in a phot-scale disc stack centrifiige. This 

observation was confirmed by determining the activity of the sohds lost in the 

supernatant of the second cut: some 29 % of the total activity was lost in this stream. 

The losses in the first cut sohd phase were 39 % at the process compared to 27 % at

109



the laboratory scale. Activity monitoring of all the sohd and hquid phases indicated 

that 177 000 Units of activity was present in the sohds present in the first cut sohd, 

24% of the initial activity in the homogenate, and 117 800 Units in the hquid phase of 

the first cut sohds. This result indicates that over precipitation occurred as this activity 

was higher that predicted by equation 3.7 (5%) and observed in the laboratory scale 

study (15.2 %), and inches the constants used to predict two cut firactional 

performance in table 4.1 were inaccurate. However it must be noted that the specific 

activity of ADH is lowest in this experiment.

Foster (1972) monitored the density difference between sohd and hquid phases 

m ammonium sulphate precipitation and noted that at high ammonium sulphate 

concentrations the density difference between the sohd and hquid phases is very low 

which might explain the difficulty in sedimenting the second fractional cut observed in 

this study.

An alternative to this process would be removal of the first cut fohowed by 

apphcation of the material to a HIC column. This process option would ahow removal 

of contaminating material before the chromatographic purification and would not incur 

the losses that were observed in a two cut process.

4.2.2 Hydrophobic Interaction chromatography

The method used for the large scale separation of the resuspended second cut 

material was based on the smah scale results. The experimental details were described 

in section 2.4.2.3. Protein and ADH activities were measured in ah fractions and are 

shown in figure 4.2. Its possible to see two ADH active peaks fractions 30-36, the 

minor peak and fractions 37-50, the major peak. Two ADH active peaks were 

observed in the smah scale experiment (section 4.1.3.1) however the separation is not 

as good in this experiment as the linear flow rate used was higher than that in the smah
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scale experiment, to reduce the process time. Integration of the two peaks indicated 

that 97% of the activity was found in the second (major) peak.

There are at least three reported yeast ADH enzymes (Jomvall et al. 1987) and 

therefore the observation of more than one ADH active peak was not unexpected. 

ADH I is reported (Creaser 1990), to be the dominant enzyme in catabohc growth, 

catalysing the production of ethanol whereas ADH II is present when catabohc 

nutrients are limited, and therefore catalyses the breakdown of ethanol to acetaldehyde, 

there is also a mitrochondrial yeast ADH, present in much lower quantities. It is 

feasible that the main ADH active peak eluted from the HIC column was either ADH I 

or ADH n  or a mixture of the two enzymes. It is very unlikely that this was 

mitrochondrial ADH since it is never the most abundant form of the enzyme present.

4.2.3 Ion Exchange chromatography

In order to purify the ADH peaks ftuther samples from the pilot scale 

experiment: fraction 34, the smah ADH peak, and a sample made from fractions 41-50 

pooled, large ADH peak, were desalted and apphed to a Q-Sepharose column. 

Samples were loaded onto the column washed with two column volumes at CM NaCl 

and eluted by increasing the salt concentration to l.OM over 10 column volumes, then 

the column was washed with 2M NaCl for two column volumes.

4.2.3.1 I/E of first ADH active Peak

Purification of the first ADH peak using the Q-Sepharose resulted in a weakly 

bound activity and activity in fraction 5, as shown figure 4.3. This indicated that 

fraction 34 contained two different ADH activities caused by poor separation of the 

ADH active peaks by HIC in the phot scale run.
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4.2.S.2 Pooled ADH

Separation of the pooled ADH fractions on Q-Sepharose resulted in 

concentration of the sangle, and a three fold increase in the specific activity of the 

ADH. (Activity of ADH in the eluted fractions is represented in figure 4.4). 

Apphcation of a longer gradient might have enhanced the purification achieved, 

however time did not ahow a fidler optimisation of the purification.

Material from the main peak could be bound to an ion-exchange column and 

could not be resolved into further iso-enzymes. These observations suggest the main 

peak is one enzyme or two or more extremely similar enzymes, and differs from the 

first HIC peak (fraction 34) in both hydrophobicity and charge. It is noted that the 

reported sequence data for the yeast ADHs indicates very similar sequences for ADH I 

and ADH H, 94% between the two isoenzymes, whereas the homology between ADH 

I and mitochondrial ADH is only 82% (Jomvah et al 1987).

4.2.4 Electrophoresis Gels

Electrophoresis gels were prepared from material throughout the pilot scale 

purification: homogenate, first and second fractional cuts, eluted peaks form HIC and 

Ion exchange chromatography. These samples monitored any increase in ADH purity, 

and helped differentiate between the two ADH active peaks from the HIC purification.

The gel shown figure 4.5 (4 pg protein non reducing) highhghts how the 

composition of the process stream changes throughout the process. Lane 4 of the gel 

contained material derived form untreated homogenate and appears to have fewer 

components than the first and second fractional cut material lanes 3 and 2 respectively. 

This observation may indicate that the ammonium sulphate was successfiil at 

preventing the degradation of the proteins present in the homogenate. Lane 1 

contained material form the minor ADH active peak eluted from the HIC column after 

further purification by ion-exchange chromatography. In lane 1 there is a faint band of
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an approximate molecular weight of 62 Kd, this observation was not expected to be 

ADH since ADH I, II and mitrochondrial ADH are tetrameiic proteins of around 164 

Kd (Jomvall et al. 1987). Therefore this sanq)le was resolved again on different gel.

The gels shown in figure 4.6 a & b (1 (ig protein, a: reducing b: non reducing) 

fiirther illustrate the preservation properties of ammonium sulphate. Lanes 7 & 13 

contain homogenate, while lanes 13 & 6 contain first cut supernatant and 12 & 5 

contain resuspended second fractional cut material. There again appears to be less 

protein present in the homogenate compared to the material to which ammonium 

sulphate had been added. Lane 11 contained material form the minor ADH active 

peak eluted from the HIC column (fraction 34), and lane 10 contained a desalted 

sample of this peak. There is a major band at 64 Kd similar to that observed in figure 

4.5. Unfortunately the other lanes which contain material from the minor ADH peak 

further purified by ion exchange chromatography disclose httle.

The final gels figure 4.7 a & b (4 p,g protein, a: reducing b: non reducing), 

were prepared using material in the major ADH eluted from the HIC column (Fraction 

43) and that material subsequently purified by ion exchange chromatography. In all the 

sample lanes there appears to be one major band at 38 Kd possibly monomeric ADH. 

There is a faint band in all sarcples at around 68 Kd as seen in the previous gels. These 

gels also demonstrate that the ADH recovered after Ion Exchange was not pure 

enough to send for N-terminal analysis which could have identified the type of ADH 

more precisely.

4.2.5 Overall Process Balance and yields (ADH)

The process yields and the specific activities of ADH after each unit operation, 

for its pilot scale purification are represented in figure 4.8 (After Fish and Lilly 1984). 

This figure illustrates the extent of the losses which occur m fractional precipitation. 

Even for a protein, like ADH, relatively suitable for ammonium sulphate fractional

113



precipitation, the losses which occur must bring into question the suitabihty of this 

technique on the pilot scale. The specific activity of pure yeast ADH was reported to 

be 350 Units/mg (Richardson 1987), the specific activity of ADH reached 45 Units/mg 

after the ion exchange step in this study . It might be possible to enhance this value 

with an optimised ion exchange step but the process as it was developed here would 

require a further purification step.

An alternative purification strategy for the recovery of yeast ADH could be: 

cell lysis —> debris removal -> first cut @ 36-38 % saturation ammonium sulphate -> 

bind to HIC column —> step elution.
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Figure 4.1
Small scale purif ication of yeast ADH 

using Butyl Toya (HIC). (pH 7.5, 
linear flow rate = 73.7 cm/h)
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Figure 4.2
Pilot scale purification of Yeast ADH 

using Butyl Toya (HIC). (pH 7.5, linear
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flow rate = 66.1 cm/h)
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Figure 4.3

Purification of minor ADH active peak 
eluted from HIC column (Fraction 34) 

using Q Sepharose (pH 7.5, linear flow
rate = 120 cm/h)
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Figure 4.4

Purification of major ADH active peak 
eluted from HIC (Fractions 41-50) 
using Q Sepharose (pH 7.5, linear 

flow rate = 120 cm/h)
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Figure 4.5 (4 |xg Non-reducing gel)

1 2 3 4 *

t

Lane Number Sample Details
1 Minor ADH active peak from HIC column (fraction 34)
2 Resuspended second fractional precipitation cut
3 Clarified first fractional precipitation cut
4 Homogenate
* Low molecular weight markers 94,67,43,30,20.1,14.4 Kd (top to 

bottom)
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Figure 4.6 (a = 1 |ig reducing gel, b = 1 îg Non-reducing gel)

f  1 2 3 4 5 6 7 * /HT

y
I II

Fig 4.6a
Lane Number Sample Details
1 Did not develop
2 I I  I I  I I

3 I I  I I  I I

4 I I  I I  I I

5 Resuspended second fractional precipitation cut
6 Clarified first fractional precipitation cut
7 Homogenate
* Low molecular weight markers 94,67,43,20.1,14.4 Kd (top to 

bottom)

Fig 4.6b
Lane Number Sample Details
8 Did not develop
9 I I  I I  I I

10 Desalted minor ADH actiive peak from HIC column (fraction 34)
11 Minor ADH active peak from HIC column (fraction 34)
12 Resuspended second fractional precipitation cut
13 Clarified first fractional precipitation cut
14 Homogenate
* High molecular weight markers 212,170,116,76,53 Kd (top to 

bottom)



Figure 4.7 (a = 4 ng reducing gel, b = 4 ng Non-reducing gel)

* ' 1 2 3 *

î

Fig 4.7a
Lane Number Sample Details
* High molecular weight markers 212,170,116,76,53 Kd (top to 

bottom)
1 Ion exhange eluted fraction 6 " " "
2 De-salted major ADH active HIC peak (fraction 43)
3 Major ADH active HIC peak (fraction 43)
* Low molecular weight markers 94,67,43,20.1,14.4 Kd (top to 

bottom)

Fig 4.7b
Lane Number Sample Details
* Low molecular weight markers 94,67,43,20.1,14.4 Kd (top to 

bottom)
4 Ion exhange eluted fraction 6 " " "
5 De-salted major ADH active HIC peak (fraction 43)
6 Major ADH active HIC peak (fraction 43)
* High molecular weight markers 212,170,116,76,53 Kd (top to 

bottom)



Figure 4.8

Specfic activity and yield of ADH 
during purification
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5.0 Case study purification of recombinant E.coli protein (Protein X)

Having developed a framework to the ease the design and scale up of 

ammonium sulphate fractional precipitation for an intracellular yeast protein, this 

technique was apphed to the fractional precipitation of a protein expressed in a 

recombinant E,coli host (protein X). Please not this name has been used to prevent 

identification of the protein which is commercially sensitive. Expression of protein X 

was induced in late exponential phase of cell growth and the purification strategy 

focused on recovery soluble protein X, as opposed to the material in inclusion bodies 

which was discarded with the cell debris. This was in line with the current protein 

purification strategy of the coUaborating body who found it uneconomic to process the 

target protein from inclusion bodies. Small scale batch precipitation experiments (400 

mL) were used to determine which operating pH and ammonium sulphate cut 

saturations would give rise to the highest yield and purification factor of protein X in a 

two cut process. Material precipitated in the second fractional cut was resuspended 

and used hi an investigative HIC purification study. The process was then scaled up to 

the pilot scale using information from the smah scale experiments.

This chapter is divided into the foUowing sections which contain both results 

and discussion:

5.1 Effect of operating pH on the recovery of protein X using fractional 

precipitation

5.2 Laboratory scale purification of protein X using fractional protein 

precipitation and hydrophobic interaction chromatography

5.3 Phot scale purification of protein X using fractional protein precipitation 

and hydrophobic interaction chromatography
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5.1 Effect of operating pH on the recovery of protein X using fractional 
precipitation

Batch precipitation of protein X was carried out over a pH range of 6.0 to 8.0, 

on the laboratory scale using clarified homogenate (400 mL). Equation 3.7 developed 

by Niktari et al. (1990) was fitted to the solubihty profiles of the total protein and the 

target protein (protein X) at each experimental pH. Yields of protein X and total 

protein in the clarified homogenate were also monitored with respect to experimental 

pH.

5.1.1 Laboratory scale precipitation results

Protein X activity (expressed as Disintegrations per minute per mL) and total 

protein concentration were determined for each homogenate pH, and were plotted in 

figure 5.1 (experimental details in section 2.5.1.4). The activity of protein X and total 

soluble protein release followed the same trend with respect to pH, below pH 7.0 there 

was a loss in both protein X activity and total protein concentration conq)ared activities 

above pH 7.0.

Clarified homogenate was precipitated on the 400 mL scale, using hquid 

ammonium sulphate with its pH adjusted to that of the homogenate. Values of the 

constants 'a' and 'n' from equation 3.7 for protein X and the total protein were 

determined and have been plotted in figures 5.2 & 5.3. The statistic was also 

determined for each fit and indicated a confidence level >99% for all fits using 

equation 3.7. Using the numerical technique developed in section 3.2 the maximum 

purification factor for a 90% yield of protein X was determined at each experimental 

pH and the results have been plotted in figure 5.4. The highest maximum purification 

factor was achieved at pH 7.0, however maximum activity of protein X was observed 

at pH 7.5. On balance it was decided to carry out the precipitation at pH 7.5,
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operating at this pH allowed more margin for error than at pH where a shght reduction 

in the operating pH could have a drastic effect on the yield of the process.

Values of the constants 'a' and V for protein X used to define the ammonium 

sulphate saturations for the first and second fi'actional cuts were: total protein a =

53.6, n = 6.16 and protein X a = 61.2, n = 13.51. Table 5.1 contains the predicted 

maximum purification that can be achieved for a 90 % yield of protein X in a two cut 

fractional precipitation process assuming that and 'ideal' separation of sohd and hquid 

phases:

Table 5.1 Predicted maximum purification factor and yields for an ideal two cut

Saturation (%) Fraction protein X soluble Fraction total protein soluble

49 0.953 0.658

77 0.051 0.167

Yield 0.902 0.538

Max. Purification Factor 1.86

5.2 Laboratory scale purification of protein X using fractional protein 
precipitation and hydrophobic interaction chromatography

The conditions for a two cut fractional precipitation determined in section 5.1 

were tested on the laboratory (400 mL) scale before operation at the 50 L scale with 

and without debris removed before ammonium sulphate addition for the first cut. These 

experiments were carried out to estabhsh if any fine tuning in the process conditions 

was required. Resuspended second cut material from the laboratory scale precipitation 

was used to determine which HIC media would result in further purification of the 

protein.
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5.2.1 Laboratory scale precipitation

Two laboratory scale (400 mL), two cut fractional precipitations were carried 

out at pH 7.5, the first cut was removed at 49 % the second at 77 % saturation, as 

determined by the previous experiments. These values are the ones which give the 

highest purification factors for a 90% yield at pH 7.5, as determined using the 

technique described earher in this work. All clarifications in this experiment were 

carried out in a laboratory centrifixge; cell debris was removed with the first cut as this 

would be done in the pilot scale experiment (fiiU experimental details given in section 

2.5.1.5). The results of the two cut precipitations are presented in tables 5.2 & 5.3 and 

indicate low process and accountable yields for protein X. In the presence of cell 

debris the recovered yield of protein X was 44 % of that in the original homogenate 

with the total accountable yield for the protein 82 % of that present in the original 

homogenate. In the experiment carried out with clarified homogenate the recovered 

and accountable yields of protein X were 27 and 59 % of the protein X present in the 

homogenate respectively. Protein X is known to be unstable and this might account 

for the loss in activity which occurred during this process. The purification factor for 

the process in the presence of cell debris was found to be 2.51 higher than the 1.86 

predicted. In the experiment conducted with clarified homogenate the purification 

factor was lower 1.48 as a result of the lower recovered activity in this experiment, 

only 27 % compared to 44 % in the parallel experiment.
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Table 5.2 Process balance for laboratory scale two cut ammonium sulphate 
fractional precipitation of protein X in the presence of cell debris (first cut 49%

Overall Balance
Protein X (DPM) 
In Out

Protein (mg)
In Out

Feed 2.54 X 109 7 250

First Cut solids 
Second Cut Supernatant 
Second Cut Solids

2.1 X 10»
4.65 X 1Q8 
7.75 X 10»

4212
1295
1273

1.45 X 1Q9 6780

Accountable Yield = 82% 93%

Process Yield = 44% 18%

(1st cut Supernatant 1.13x109 3549)

Purbdcation Factor = 1st cut = 1.73 2nd cut 
-2.51

Table 5.3 Process balance for laboratory scale two cut ammonium sulphate 
fractional precipitation of protein X from clarified homogenate (fîrst cut 49%

Overall Balance
Protein X (DPM) 
In Out

Protein (mg)
In Out

Feed 2.4 X 109 6 851

First Cut solids 
Second Cut Supernatant 
Second Cut Solids

3.7 X 10» 
3.3 X 10»
5.8 X 10»

3 857 
1 030 
1 235

1.28 X 109 6122

Accountable Yield = 53% 89%

Process Yield - 24% 18%

(1st cut Supernatant 1.28 X 109 2788

Purification Factor 1st cut = 1.45 2nd cut 
=1.48
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5.2.2 HIC Separation

To take fijU advantage of the ammonium sulphate present in the resuspended 

second cut, it was decided that Hydrophobic Interaction chromatography (HIC) 

should be used as the next separation. Resuspended material from the small scale two 

cut fractional precipitation was used to optimise the HIC purification with respect to 

the choice of media and elution gradient, prior to operating on the large scale.

5.2.2.1 HIC media selection

Three different HIC media were available: Ethyl, Phenyl and Butyl Toy a 650s 

and all three were tested with resuspended second cut material from the small scale 

fractional precipitation experiment. The separations achieved with these three media 

are shown in figures 5.5-5.7. Samples were loaded at 2.CM ammonium sulphate, 

equihbrated by washing with two column volumes at 2.0 M and the concentration of 

ammonium sulphate reduced to OM over 10 column volumes. The best separation was 

achieved with the Butyl Toy a and a further experiment was run using Butyl Toy a to 

optimise the separation on the small scale before scale up using a 'diallower' gradient. 

TTie operating conditions were: Load, wash two column volumes at 2.0M ammonium 

sulphate, reduce the concentration to 1.25M and then reduce the salt concentration to 

0.6 M over 10 column volumes. The results of this experiment are shown in figure 5.8 

Gradient elution would not normally be used on the process scale, batch elution would 

be more commonly used in order to reduce the process volume.

5.3 Pilot scale purification of protein X using fractional protein precipitation and 
hydrophobic interaction chromatography

A process flow sheet which describes the conditions used for the large scale 

fractional recovery of protein X is presented in figure 2.2. In this experiment 

saturation at the first cut was reduced to 48 % in order to recover more of the protein

128



X in the first cut and the second cut saturation was increased to 80 % in an attempt to 

recover more material in the second cut. Table 5.4 contains the predicted purification 

and yield for protein X that would be achieved in a two cut fractional precipitation 

process operated under these conditions assuming that for total protein a = 53.6, n = 

6.16 and for protein X a = 61.82, n = 13.51 and total separation of sohd and hquid 

phases:

Table 5.4 Predicted purification factor and yields two cut fractional precipitation

Saturation (%) Total protein Protein X

48 0.968 0.663

80 0.030 0.078

Yield 0.938 0.585

Max. Purification Factor 1.60

An overah mass balance of this process is presented in table 5.5. There is an 

increase in the accountable yield of the process on scale up, however there is a 

decrease in the process yield form 30.5 % to 22.1 % of the total protein. The sum of 

the protein X present in the second cut sohds and supernatant equals 44.1 % of the 

total protein, very similar to the yield in the second cut for the smah scale experiment. 

This observation tends to suggest that 50% of the protein X present in the second cut 

is neither precipitated nor sedimented but carried over into the supernatant stream and 

was proved by assaying the sohd and hquid components of this stream Because the 

process yield is low then the purification factor for the process is less than one (0.81), 

operating the process as optimised results in a process stream with a lower specific 

activity for protein X after purification. The purification factor after the first cut for 

this process is 3.26, this results suggests that a more effective approach to the recovery 

of the protein X would be a first fractional cut fohowed by direct apphcation to a HIC
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matrix. Thus taking fiill advantage of the purification achieved by the first cut and the 

presence of the ammonium sulphate to facilitate the binding to the HIC matrix.

Table 5.5 Process balance for pilot-scale two cut ammonium sulphate fractional 
precipitation of protein X (first cut 48% saturation, second cut 80 %

Protein X (DPM) Protein (mg)
Overall Balance In Out In Out

Feed 6.13 X IQlO 247 000

First Cut solids 1.67x1010 145 200
Second Cut Supernatant 1.34xlQlO 4 410
Second Cut Solids 1.36x IQlO 67 200

4.37 X IQlO 216 810

Accountable Yield = 71.3% 87.8%

Process Yield = 21.9% 27.2%

(first cut supernatant 5.57x IQlO 68 640)

Purification Factor 1st cut =3.24 2nd cut = 
0.81

5.3.1 Large Scale HIC

Pilot Scale recovery of protein X from resuspended second cut using Butyl 

Toya is shown in figure 5.9. The material was loaded, washed with two column 

volume at 2.0 M ammonium sulphate, the salt concentration was reduced to 1.25 M 

instantly the column washed with two column volumes and then the concentration 

reduced to 0.6 M over six column volumes. Gradient elution would not normally be 

used on the process scale, batch elution would be more commonly used in order to 

reduce the process volume.
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5.3.2 Ion Exchange Chromatography

Fractions 28-46 eluted form the HIC column were pooled together and a 400 

mL sangle desalted using a Sephadex G25, this desalted material was then bound to a 

Q-Sepharose column washed two column volumes of equihbration buffer and then 

eluted by increasing the NaCl concentration to 1.0 M over 10 column volumes. The 

elution profile for this purification is shown in figure 5.10, a 'shallower' salt gradient 

would have enhanced separation however time did not permit a full optimisation study.

5.3.3 SDS PAGE

Electrophoresis gels were prepared from material throughout the pilot scale 

purification: homogenate, first and second fractional cuts. Protein X eluted peaks form 

m e  and Ion exchange chromatography. These samples monitored any increase in 

Protein X purity. Figure 5.11 a & b illustrate these results, 5.11a was a 4 pg reducing 

gel and 5.11b was a 4 pg non-reducing gel. Lane 4 (fig 5.11a) contains raw 

homogenate and very Httle can be seen probably due to degradation. Lanes 3 and 2 

contain material from first and resuspended second fractional precipitation cuts and as 

such there appears to be more activity in these sanq)les. Lanes 1 & 8 contain samples 

form the fflC sample which had the peak activity for protein X. The molecular weight 

of protein X is approximately 104 Kd and there appears to be a feint band at this 

molecular weight, in lanes 1 & 8 as well as lane 7 which contains the de-salted fflC 

peak sample. Lane 6 contains a sample from fraction 6 of the ion-exchange experiment 

and the band appears to be more pronounced in this sample, less is seen in lane 5 which 

is the next fraction from the ion-exchange experiment.

5.3.4 Overall Process Balance and yields (protein X)

Combining the purification factors and yields for each process step used in the 

purification of protein X it was possible to produce figure 5.12 (after Fish & Lilly
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1984). This figure illustrates the high purification achieved at the first cut stage for this 

process which was subsequently lost since the second cut yield was very low. The 

purification factor achieve at the ion exchange step was higher than the HIC, even 

though the ion exchange step was not fidly optimised. It must be pointed out gradient 

elution of large columns would not normally be used for an industrial developed 

process, stepwise elution being favoured as it results in lower process volumes but 

slightly lower purification factors.

In the fight of the experience gained in this work an alternative purification 

strategy for the recovery of protein X could be as follows: cell lysis -> debris 

rem ovals first cut @ 45-48 % saturation ammonium sulphate -> clarify bind to 

m e  column -> step elution. The second clarification step can be omitted if a fluidised 

m e  column is used.
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Figure 5.1
Clarified homogenate protein X 
activity (DPM/mL) and protein 

concentration (mg/mL) with respect 
to operating pH
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Figure 5.2
Values of the constant 'a' from

equation 3.7 fitted to total protein 
and protein X solubility profiles using 

clarified E.coli homogenate over a 
pH range 6-8
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Figure 5.3

Values of the constant 'n' from equation 
3.7 fitted to total protein and protein X

solubility profiles produced using clarified 
E.coli homogenate over a pH range of 6-8
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Figure 5.4
Activity and predicted maximum 
purif ication factor for protein X 

recovery witfi respect to operating pH
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Figure 5.5
Separation of protein X from

resuspended precipitated material
using Ethyl Toyapearl 650s
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Figure 5.6

Separation of protein X from
resuspended second fractional cut on

Phenyl Toyapearl 650s
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Figure 5.7
Separation of protein X from 

resuspended second fractional cut
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Figure 5.8

Separation of protein X from
resuspended second fractionai cut using

Butyl Toyapearl 650s
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Figure 5.9

Pilot scale separation of protein X on
Butyl Toyapearl
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Figure 5.10
Separation of Protein X pooled HIC 

fractions (28-41) on HP Q Sepharose
pH 7.5
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Figure 5.11 (a = 4 |ig reducing gel, b = 4 fig reducing gel)
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Lane Number Sample Details
* High molecular weight markers 212,170,116,76,53 Kd (top to 

bottom)
1 Protein X active HIC Peak (fraction 37)
2 Resuspended second fractional cut
3 Clarified first fractional cut
4 Homogenate
* Low molecular weight markers 94,67,43,20.1,14.4 Kd (top to 

bottom)

Fig5.11b
Lane Number Sample Details
* Higli molecular weiglit markers 212,170,116,76,53 Kd (top to 

bottom)
5 Ion exhange eluted fraction 7
6 Ion exhange eluted fraction 6
7 Desalted protein X active HIC Peak (fraction 37)
8 Protein X active HIC Peak (fraction 37)
* Low molecular weight markers 94,67,43,20.1,14.4 Kd (top to 

bottom)
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Figure 5.12

Specific Activity and Yields for 
Large Scale Protein X 

Purification

“O
0)

100
H ^ Y i e l d  %

^  Spec i f i c  Activi ty (DPM/mg)

80

60

40

20

0

Homog Cut 1 Cut 2 HIC Gel IE

1.1E+6

9.0E+5

Q_

7.0E+5 —

' >

O
<

5.0E+5 i i
o
0)
O-

co

3.0E+5

1.0E+5

Operation
144



Richardson (1987), who used third order polynomials to describe the fractionation 

of target protein form total protein. In this study a sigmoidal ftinction was fitted to 

the fractionation diagram. The sigmoidal function only required two fitting 

constants to describe target protein fractionation and statistical analysis of the 

function fitted to experimental data indicated that this approach gave a superior level 

of agreement conq)ared with that using polynomials. Maximum purification of 

target protein from total protein in any separation procedure is achieved when the 

desired yield of target protein is recovered with the least possible quantity of total 

protein. Mathematically analysis of the sigmoidal function apphed to two fractional 

protein precipitation showed that the conditions required for maximum purification 

of the target protein could be determined directly from the target protein solubihty 

isotherm. This was possible because of the symmetrical nature of the sigmoidal 

function, (a feature which the purely numerical technique of using a third order 

polynomial does not display). The sigmoidal function has been shown to enable 

rapid prediction of which fractional compositions of target protein wih result in the 

highest purification factor for a specified yield of target protein. The nature of the 

approach may make it better suited to fractional precipitation in general.

The optimal pH for ADH fractionation by precipitation was determined by 

estabhshing how ADH activity and the theoretical maximum purification changed 

with respect to operating pH. Applying this approach, the optimal pH for ADH 

recovery was determined to be pH 5.8 as maximum activity was observed at this 

pH. Operation at pH 5.0 would have resulted in a shghtly higher purification factor 

for a two cut precipitation process but with a reduction in the yield of ADH by some 

twenty percent. Therefore when designing a cut fractional precipitation process it is 

important to consider process yield as well as purification and the process was
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6.0 Conclusions

6.1 Laboratory scale ADH precipitation study

Yeast ADH stability was measured under different process conditions and 

the enzyme was shown to denature at rapidly at 37 ®C. ADH activity was 

demonstrated to be stable at 4 and in the presence of ammonium sulphate at 

25®C. From a process design view point this would allow the operation of a 

fractional precipitation process at 25®C which has benefit of rninimising the need for 

any temperature control, reducing plant cooling costs and mq)roving operator's 

working environment. The solubihty isotherm of ADH would however be changed 

at the higher terqperature which increase the amount of ammonium sulphate 

required by the process with an impact on processing costs. Furthermore operating 

at the higher tercperature would be more conducive to bacterial growth which could 

lead to process failure.

A fimction developed by Niktari et al. (1990) was fitted the solubihty 

profiles yeast ADH and total protein. The fitting constants were used to quantify 

how the solubihty of yeast ADH, total protein and G6PDH change with respect to 

homogenate pH, ceU debris content and dry weight. Plotting the fitted constants 

with respect to operating pH in this way indicated that shght changes in the 

operating pH, in the order of 0.5 pH units, could drasticaUy alter the solubihty of the 

target protein and therefore reduce recovery of the target protein. This observation 

confirms the anecdotal behef in the bioprocess industry that fractional precipitation 

processes are diflhcult to control on the large scale where efficient mixing is hard to 

ensure and local pH gradients are inherent. The cost of installing and running the 

equipment necessary to achieve pH control to with ±0.5 outweigh the benefits 

achieved using fractional precipitation.

Separation of yeast ADH from total protein was studied using a fractionation 

approach. This technique for optimising protein solubility was developed by
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operated at pH in the large scale experiments. The framework developed in this 

thesis allows such an engineering compromise to be determined.

6.2 Purification of Yeast ADH by fractional precipitation and hydrophobic 
interaction chromatography

A laboratory scale two fractional precipitation process for the recovery of 

yeast ADH was carried out. First and second fractional cut saturations were 

determined from a solubihty profile of ADH defined in earher experiments and 

modified to account for the presence of ceh debris which was removed at the same 

time as the first fractional cut. The ammonium sulphate saturations required for the 

first and second cuts were found to be 42 & 62 % saturation respectively. A 

second laboratory scale two cut precipitation process was run using the first and 

second cut saturations enq)loyed by previous workers (40 % & 60%). Results from 

the two e?q)eriments were con^ared and showed that ADH solubihty was very 

sensitive at a 40 % saturation level and that operation at 42% saturation resulted in 

a reduced process yield through over precipitation, under the conditions used in this 

study. This high degree of process sensitivity at ammonium sulphate saturations 

close to the first cut position again highhghts the difficulty in scaling up ammonium 

sulphate fractional precipitation procedures. At an industrial scale carefid control 

over saturation levels would be required and it may be that conditions would need to 

be selected away from this sensitive region. Again the framework developed in this 

thesis wih enable the consequences of such decisions to be predicted rapidly.

Material precipitated in the laboratory scale two cut fractionation was used 

in a smah scale study to assess the compatibihty of fractional precipitation and 

hydrophobic interaction chromatography (HIC). ADH purification was enhanced by 

m e  and the two processes seem highly conq)atible for the purification of this 

protein.
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Using similar operating conditions determined in the small scale study the 

purification protocol was scaled up to a 50L fractional precipitation. Unfortunately 

the ammonium sulphate saturations used in the study were higher than intended. 

However the results indicated that 72 % of the initial ADH activity could be 

recovered in the first fractional cut with increased purification of the ADH. Only 

20% of the initial ADH activity observed in the homogenate could be recovered in 

the second fractional cut sohd phase. Some 28 % of the initial activity was lost in 

sohd carry over into the second fractional cut supernatant. This result imphes that 

settling of second fractional cut material in an industrial disc stack centrifiige is 

highly inefficient due to the very low density difference between the hquid and sohd 

phases and it may be that alternative operations such as microfiltration would need 

to be employed at the industrial scale.

Considering ah the result obtained in the fractional precipitation study for 

yeast ADH it would be very difficult to justify recommending using this procedure 

for a commercial purification of Yeast ADH for the fohowing reasons: 

i) Batch to batch variation of starting material in terms of total protein and target 

protein concentration would make the prediction of first cut position difficult and 

could result in substantial process losses, unless rapid on-line monitoring techniques 

could be employed.

h) Process control of fractional precipitation would be extremely difficult to achieve 

to the degree necessary to successfiihy scale up the process. Mixing problems at the 

process scale would make it very difficult to control the process pH to within ±0.5 

pH units the degree of pH control demonstrated to be necessary to operate an 

optimal precipitation process. Furthermore the reduced efficiency of mixing 

processes could lead to over precipitation if sohd ammonium sulphate is used at the 

process scale.
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iii) Addition of the large quantities of salt required to facilitate a two cut 

fractionation process presents the problem of removal of that salt prior to any 

subsequent downstream processes. In this study this issue was circumvented by 

using a HIC separation directly after a single cut precipitation process. For other 

process separations this might not be a reahstic separation strategy and ion exchange 

procedures may be required. Any process consisting of a two cut fractional 

precipitation process followed by an ion exchange step would require the inclusion 

of a diafiltration step with a further reduction in the recovery of the target protein 

and an increase in processing volumes.

iv) The density difference between the sohd and hquid phases of second fractional 

cut material make separation of the two phases very difficult at the process scale. 

Separation of the two phases could be achieved using a tubular bowl centrifuge 

which can generate higher sedimentation forces than disc stack machines. However 

these machines require a high degree of containment to prevent aerosol release into 

the environment. Alternative sohd/Hquid separation techniques based on membranes 

would have a clear advantage in this respect as well as being independent of density 

difference.

Having considered the results of this study for the purification of yeast ADH 

by fractional precipitation carefully an alternative strategy for the purification of this 

protein could be used as follows:

Homogenisation ammonium sulphate addition —> debris and first cut removal 

usmg tubular bowl centrifuge apphcation of the recovered hquid phase to a HIC 

matrix -> elution and desalting -> Ion exchange.
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6.3 Purifîcation of E.coli protein X by two cut fractional precipitation and 
hydrophobic interaction chromatography

The design framework developed for the recovery of yeast ADH by 

fractional precipitation and HIC, was apphed to the purification of a recombinant 

E.coli protein, protein X. The optimal precipitation pH for protein X with respect 

to purification and yield was found to be 7.5. Laboratory two cut fractional 

precipitation processes were carried out to estabhsh the operating conditions for a 

pilot-scale two cut process. Resuspended material from the laboratory scale 

precipitation was used to develop a HIC separation protocol for protein X and it 

was found that the best separation was achieved using a Butyl matrix.

A two cut fractional precipitation process was carried out on the pilot-scale 

using 50 L of first cut material under similar conditions to those estabhshed in the 

small scale study. The process yield expressed as recovered activity in the second 

cut was found to be approximately 20% of the initial activity observed in the 

homogenate. As with the yeast ADH study this was a very low recovery process 

yield and significant losses occurred through carry-over of precipitated second cut 

material into the second cut supernatant, a further indication of the difficulties 

encountered when scaling up fractional precipitation processes. An increase in the 

purity of the target protein was observed after the first cut which indicate a single 

cut process could be used for this protein.

The results of this study have indicated that the degree of purification 

achieved using fractional precipitation is low compared with chromatographic 

techniques. The general concieved wisdom in the bioprocess industry that fractional 

protein precipitation processes are difficult to scale up have been well home out. 

Therefore without sophisticated process control, monitoring and mixing techniques 

fractional precipitation processes are inherantly difficult control at the process scale
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with any degree of sucess. Furthermore the low density difference between the solid 

and Hquid phases in second cut material make separation difi&cult. In order to 

capitahse on the process benefits of ammonium sulphate such as enhanced stabihty 

of some proteins a single cut precipitation followed by HIC has been shown to be 

the most favourable process option. Conipelling evidence of process benefit such as 

reducing product loss through dénaturation or level of contaminants which can not 

so easily be removed by any other separation process must therefore be 

demonstrated before even considering using fractional precipitaion processes on 

anything other tan the laboratory scale.
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7.0 Future work

On the basis of the results and discussion presented in this thesis, fixture 

work should be directed in the following areas:

i) Recovery of second fi*actional cut material on the pilot scale. Precipitated 

material firom the second fi’actional cut was difficult to recover at the phot scale as 

the density difference between the sohd and hquid phases was low. To overcome 

this problem pilot-scale recovery could be achieved using equipment which 

generate high centrifixgal fields, such as tubular bowl centrifiiges. It would be 

interesting to carry out a two cut fractional precipitation study using such a device, 

h) First cut HIC study. This thesis has shown that recovery of yeast ADH by 

ammonium sulphate precipitation is a suitable purification operation to proceed HIC 

resolution. It would be interesting to compare the purification obtained in a two cut 

fractional precipitation process fohowed by a HIC purification with a process in 

which clarified first fractional cut material is loaded onto a HIC column. 

Furthermore it would be interesting to study the usefiil operational life span's of HIC 

column packings exposed to these two different starting materials. If the material 

from a single fractional cut precipitation was foxmd to reduce the column life there 

might be scope to develop fiuidised HIC media which could cope with carried over 

cell debris.

iii) Corqparison with Ion Exchange chromatography. Ion exchange chromatography 

is currently favoured as a preliminary purification step. It would be interesting to 

compare a process in which ADH is purified initially by ion exchange to one in 

which precipitation and HIC are carried out. If possible this study could include an 

overall cost comparison which would take into account the different process 

options.
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Nomenclature

Alphabetic

D
d

d
E

g
I
lo

II
h

K
Ks
N
n

P
Q
R
Rm

Constant equivalent to the saturation at which half 
enzyme has precipitated in ammonium sulphate 
Fraction total protein soluble when half the enzyme 
has precipitated in ammonium sulphate 
Dilution factor
Constant used to increment the cut positions in the 
fractionation diagram 
Diameter of particles in centrifiigal field 
Molar Extinction Coefficient

Gravitational acceleration
Ionic strength of salting out salt
Ionic strength of salting out salt, when solubihty of
protein starts to decrease
Ionic strength of salting out salt at first fractional cut 
Ionic strength of salting out salt at second fractional 
cut
Rate constant in cell disruption (equation 1.3 ). 
Salting out constant
Number of passes through homogeniser
Constant equal to the gradient of isotherm used to
describe protein solubility at point when half the
protein is in solution or
Number of discs in disc stack centrifuge
Operating pressure of homogeniser
Volumetric throughput
Measured released protein
Maximum releasable protein
Distance of particle from axis of rotation or
Inner radius of disc, for disc stack centrifuge.
Inner radius of fluid from axis of rotation, laboratory 
scale centrifuge
Outer radius of fluid from axis of rotation, laboratory 
scale centrifuge or
Outer radius of disc, for disc stack centrifiige 
Solubihty of protein (equation 1.1)

Units

(dimensionless)

(dimensionless)

(dimensionless)
(dimensionless)

m
OD
units/MoleL'i
ms‘2
Moles/L
Moles/L

Moles/L
Moles/L

bar29
L/Mole
(dimensionless)
(dimensionless)

bar(g) 
m  ̂S'̂  
kg.kg-i 
kg.kg-i 
m

m

m

Enzymatic
Units/mL
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s  Constant equal to four times the maximum gradient of (dimensionless) 
the sigmoidal curve fitted curve to the fractionation 
diagram (equation 3.1) 

t Centrifugation time
V Total volume in cuvette
V  Volume of sanq)le in cuvette
Vg Settling velocity in centrifiige
X Fraction of total protein soluble in equation 3.1
X % Saturation ammonium sulphate in equation 1.2
fi[x) Fraction of protein soluble in equation 1.2 
h[x) Fraction of target protein soluble in equation 3.1 
Ay Fractional yield of the target protein

s
mL
mL
ms'i
(dimensionless)
(dimensionless)
(dimensionless)
(dimensionless)
(dimensionless)

Greek
P Intercept constant form equation 1.1
AOD Rate of change in optical density 

At
Liquid phase viscosity 
Disc half angle in disc stack centrifuge 
Density of sohd particles in centrifuge 
Density of hquid phase 

2 Sigma function (equivalent area in gravity
sedimentation tank)

0 ) Angular velocity of centrifuge

n
0
Pp
Pi

Units
(dimensionless) 
OD units/min

N.s.m-2
rads
kg.m-3
kg.m-3
m^

rads.s^
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